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Foreword 


It is suq^rising that we had to wait so long for a new book that gives a comprehensive 
treatment of chior-alkali manufacturing technology. Technologists are largely still mak¬ 
ing do with the classical book edited by Sconce, but that is more than thirty years old. At 
the time of its publication, metal anodes were just beginning to appear, and ion-exchange 
membrane technology was confined to laboratories. The various encyclopedias of indus¬ 
trial technology have more up-to-date information, but they are necessarily limited in 
their scope. Schmittinger recently provided an excellent shorter treatment of the broad 
field of chlorine technology and applications. After discussing electrolysis and the prin¬ 
cipal types of cell, this, too, gives rather brief coverage to brine and product processing. 
It then follows on with descriptions of the major derivatives and direct uses of chlorine 
and a discussion of environmental issues. 

The last feature named above has relieved the authors of this work of the obligation 
to cover applications in any detail. Instead, they provide a concentrated treatment of all 
aspects of technology and handling directly related to the products of electrolysis. It cov¬ 
ers the field from a history of the industry, through the fundamentals of thermodynamics 
and electrochemistry, to the treatment and disposal of the waste products of manufac¬ 
ture. Membrane cells are considered the state of the art, but the book does not ignore 
mercury and diaphragm cells. They are considered both from a historical perspective 
and as examples of current technology that is still evolving and improving. Dear to the 
heart of a director of Euro Chlor, the book also pays special attention to safe handling 
of the products, the obligations of Responsible Care®, and process safety management. 

Other major topics include corrosion, membranes, electrolyzer design, brine pre¬ 
paration and treatment, and the design and operation of processing facilities. Perhaps 
uniquely, the book also includes a chapter on plant commissioning. The coverage of 
membranes is both fundamental and applied. The underlying transport processes and 
practical experience with existing types of membrane both are covered. The same is true 
of electrolyzer design. The book explores the basic electrode processes and the funda¬ 
mentals of current distribution in electrolyzers as well as the characteristics of the leading 
cell designs. The chapter on brine production and treatment first covers the sources of 
salt and the techniques used to prepare brine. It then explains the mechanisms by which 
brine impurities affect cell performance and outlines the processes by which they can be 
removed or controlled. While pointing out the lack of fundamental science in much of 
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the process, it describes the various unit operations phenomenologically and discusses 
methods for sizing equipment and choosing materials of construction. The chapter on 
processing and handling of products is similarly comprehensive. Again, it is good to see 
that the authors have included a lengthy discussion of safe methods and facilities for the 
handling of the products, particularly liquid chlorine. While the discussion of the various 
processing steps includes the topic of process control, there is also a separate chapter on 
instrumentation which is more hardware oriented. 

Other chapters deal with utility systems, cell room design and arrangement (with 
an emphasis on direct current supply), alternative processes for the production of either 
chlorine or caustic without the other, the production of hypochlorite, industrial hygiene, 
and speculations on future developments in technology. There is an Appendix with 
selected physical property data. 

The authors individually have extensive experience in chlor-alkali technology but 
with diverse backgrounds and fields of specialization. This allows them to achieve both 
the breadth and the depth which are offered here. 

The work is divided into five volumes, successively treating fundamentals, brine 
preparation and treatment, production technology, support systems such as utilities and 
instrumentation, and ancillary topics. Anyone with interest in the large field of chlor- 
alkali manufacture and distribution, and indeed in industrial electrochemistry in general, 
will find something useful here. The work is recommended to students; chlor-alkali tech¬ 
nologists; electrochemists; engineers; and producers, shippers, packagers, distributors, 
and consumers of chlorine, caustic soda, and caustic potash. 

This book is thoroughly up to date and should become the standard reference in its 

field. 


Barrie S, Gilliatt 
Executive Director 
Euro Chlor 
March, 2004 



Preface 


Despite commercial setbacks in recent years, the production of chlorine and alkalis still 
is of enormous importance, and chlorine and caustic soda both are among the ten largest- 
volume chemical products in the world. The number of final end uses for the products 
of a chlor-alkali plant perhaps cannot be matched by any other single plant. 

There is no comprehensive modern treatment of the chlor-alkali manufacturing 
process. The authors therefore saw a need for a book on the subject, focusing on chlorine 
and the alkali products themselves and providing full detail on basic electrochemistry, 
thermodynamics, and the processing and handling of raw materials and products. Product 
applications are not covered in any detail. The anticipated audience includes students, 
electrochemists, all engineers and scientists involved in chlor-alkali technology, and 
those with a lively interest in an important segment of industry. 

This work is divided into five volumes. Volume I contains introductory and historical 
information, followed by the fundamentals of electrochemistry pertinent to chlor-alkali 
cells. The topics addressed include thermodynamics, kinetics of electrode reactions 
and electrocatalysis, experimental techniques, energy consumption and its components, 
and the basic aspects of mercury, diaphragm, and membrane cells. The importance 
of brine purification, the influence of brine impurities on electrolysis, and the meth¬ 
ods used for their removal are presented in Volume II. This volume also discusses 
the three major processes used for electrolysis (diaphragm, mercury, and membrane 
cells) and offers comparisons of the individual cell technologies employed. Volume 
III covers the practical aspects of plant engineering and operation. Subject matter 
includes cell room design and engineering and the processing of chlorine, hydrogen, 
and caustic soda or potash. There is also an extensive discussion of the safe stor¬ 
age and handling of the products. Volume IV deals with support systems such as 
plant utilities and instrumentation hardware and systems. It also contains a chapter 
dedicated to the commissioning and operation of plants, with an emphasis on mem¬ 
brane cell rooms. Volume V rounds out the presentation by treating a variety of 
topics. These include the fundamentals of corrosion; alternative processes for chlorine 
and caustic, each without the other as co-product; the manufacture of hypochlorites; 
general safety information (chemical hazards, industrial hygiene, safety programs, 
waste disposal or minimization); and possible future technological developments in the 
industry. An Appendix gives some of the physical and chemical properties of relevant 
materials. 

Particularly in Volumes II and III, we present examples and discuss specifics of 
design. These are not to be taken as recommendations for any particular apparatus or 
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technology. They are offered knowing that many alternatives exist in practice and that 
some readers may have their own preferred solutions. The authors feel that it is better to 
provide some practical feel for students and technologists who are unfamiliar with the 
subject than it is to hesitate because others approaches exist. 

The authors expect that the typical reader will most frequently consult individual 
sections of most interest to him or her. Relatively few will read all five volumes consec¬ 
utively. We have therefore not hesitated to repeat basic information in order to provide 
quicker understanding of the subject at hand. There are also many cross-references 
between sections. These will assist the reader seeking broader coverage. 

The book does not cover first aid or medical practice, nor does it supply complete 
details on safe handling of materials. Readers must refer to the literature, material safety 
data sheets, suppliers, and users of the various chemicals and equipment that are dis¬ 
cussed. While there are summaries of material specifications and suggested analytical 
schedules, there is likewise not a section on analytical procedures. 

Safety is of primary importance in manufacture of chemicals. This book therefore 
makes frequent reference to good practice in design, construction, and operation of chlor- 
alkali plants. The authors frequently refer to the subject and to various safety codes. We 
note here that no one code or set of practices may be best in all circumstances, and we 
take no position in this matter. When specific practices are discussed, it is not to say 
that they are the best or the only way. Rather, they are offered as possible approaches 
to specific problems when their inclusion seems to add value to the work. They are not 
all-inclusive, and as time goes on some will be supplanted by new codes and regulations. 

Every effort has been made in preparing these volumes to provide information 
that is accurate and that will be useful to those involved in the chlor-alkali industry. The 
publisher and the authors jointly and severally make no guarantee and assume no liability 
in connection with any of the aforesaid information. 

A NOTE ON USAGE 

Generally, this book uses metric units, and the authors assume that technologists every¬ 
where are familiar and comfortable with these units. Strict SI practice is not observed, 
some published data being kept in units that may be more familiar to those in the 
chlor-alkali industry. 

The language and spelling are intended to be standard American, and Amer¬ 
ican usage (barring the use of metric units) prevails. Thus, an “electrolyser” is an 
“electrolyzer.” 
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Introduction 


LI. PURPOSE AND SCOPE OF THE BOOK 

The chlor-alkali industry is one of the largest electrochemical operations in the world, 
the main products being chlorine and sodium hydroxide generated simultaneously by the 
electrolysis of sodium chloride solutions. The chlor-alkali industry serves the commod¬ 
ity chemical business, chlorine and sodium hydroxide (also called caustic soda) being 
indispensable intermediates in the chemical industry [1-10]. 

The purpose of this handbook is to elucidate the basic chemistry and chemical engin¬ 
eering principles involved in the chlor-alkali technologies, and to thoroughly discuss the 
various operations involved in manufacturing chlorine and caustic. The status of the 
chlor-alkali industry is also discussed along with issues relevant to the future growth of 
the industry and the environmental concerns. 

There is no other single book currently available that addresses the fundamentals 
of chlor-alkali technology or the engineering principles involved in design of a chlor- 
alkali plant, although there are seminars and symposia proceedings published by the 
Chlorine Institute, Consulting Resources Corporation, ELTECH Systems Corporation, 
Japan Soda Industry Association, KruppUhde, Tecnon, the Electrochemical Society, and 
the Society of Chemical Industry which cover some specific topics. The book entitled 
Chlorine: Its Manufacture, Properties and Uses, edited by Sconce [3], was published 
in 1962, and since then there have been significant developments in the technology. 
Stanford Research Institute Consulting’s Process Economics Program reports cover the 
process economics of the chlor-alkali technologies, and are updated periodically for the 
clients funding this effort [4]. Market analyses and forecasts are also available to clients 
from Chemical Marketing Associates, Inc., and Kline & Company. 

This handbook will attempt to consolidate the concepts presented at the various 
meetings and symposia and address the relevant chemistry and engineering concepts, so 
that it is useful not only to the personnel involved with the chlor-alkali industry, but also 
to the junior and senior chemical engineering and chemistry students who wish to join the 
industry or pursue academic careers. With this thought in the background, the first three 
chapters introduce the reader to the chlor-alkali industry. The fundamental principles 
associated with the chemistry and electrochemistry of the chlor-alkali processes and the 
components involved in the electrolytic cells are discussed in Chapter 4. 
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The need for brine purification for the three chlor-alkali cell technologies is 
addressed in Volume II, Chapter 7, along with the pertinent chemistry involved in the 
removal of impurities and the relevant engineering aspects. The designs of the various 
cell technology suppliers are discussed in detail in Chapter 5 of Volume II, followed by 
the future expansions and conversions from the current to the modem cell technologies. 
Chapter 6 provides a general overview of the chlor-alkali process. 

Volume III is devoted to facility design and product handling. Chapter 8 addresses 
cell room design and Chapter 9 provides a thorough discussion of handling the products 
of electrolysis. 

Volume IV covers support systems and commissioning. Chapter 10 discusses some 
chemical engineering principles required for design of a chlorine plant, and examples are 
provided explaining how these fundamental concepts are translated into practice. Instm- 
mentation and control systems required for the various unit operations are addressed in 
Chapter 11 and the utilities needed for running the plant are presented in Chapter 12. 
Details pertinent to plant commissioning and operation are treated in Chapter 13. 

Volume V addresses corrosion, environmental issues, and future developments. 
Chapter 14 covers the principles of corrosion and how to minimize corrosion in chlor- 
alkali operations, exemplified by case studies. Alternate processes for producing chlorine 
and caustic are outlined in Chapter 15. 

Mercury and asbestos, used in the chlor-alkali process, are health hazards. These 
and the other related environmental issues, safety, and industrial hygiene aspects are dis¬ 
cussed in Chapter 16. Chapter 17 addresses concepts that may lead to the next generation 
of chlor-alkali technologies, having significant cost and energy benefits. 

Physicochemical data related to CI 2 , NaOH, NaCl, and other materials encountered 
in chlor-alkali operations are presented in the Appendix in Volume V. 


1.2. ORIGIN OF THE IMPORTANCE OF CHLORINE AND CAUSTIC 

Chlorine and sodium hydroxide (or caustic soda) are among the top 10 chemicals pro¬ 
duced in the world, and are involved in the manufacturing of a myriad of products that are 
used in day-to-day life. These products include pharmaceuticals, detergents, deodorants, 
disinfectants, herbicides, pesticides, and plastics. 

The first observation of a possible application of chlorine was its bleaching effect 
on vegetable matter, discovered by Carl Wilhelm Scheele in 1774 while investigating 
in detail the reactivity of the greenish yellow gas generated during the reaction between 
pyrolusite (manganese dioxide) and hydrochloric acid [5,7). The generation of the cor¬ 
rosive, suffocating greenish-yellow fumes of chlorine had been observed ever since the 
13th century, when chemists became aware of aqua regia. A flatus incoercible (forcible 
release of chlorine) formed when ammonium chloride was reacted with nitric acid in 
1668 [8]. Berthollet, in 1785, tried without success to use elemental chlorine to replace 
the existing solar bleaching process (also called grassing or crofting) for textiles. The 
elemental chlorine caused discomfort to the workers, corroded metal parts, and softened 
the fabrics. The first use of chlorine in the form of potassium hypochlorite, formed by 
absorbing chlorine in a potash solution on an industrial scale, for bleaching purposes, 
dates back to 1789, and was credited to McPherson. Renant replaced the potash solution 
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with milk of lime to produce calcium hypochlorite solution, for which a patent was 
granted in 1798. The first bleaching powder patent was issued in 1789 to Tennant. It 
was only in 1808 that this greenish-yellow gas was characterized as an element and was 
named chlorine from the Greek , meaning green, by Davy. 

The development of chemical bleaching with chlorine and the discovery of calcium 
hypochlorite bleaching powder as a practical mode of transporting chlorine was of great 
significance as these technologies made a marked impact on the textile bleaching oper¬ 
ations in Great Britain and Europe, who were in the middle of industrial revolution 
with an expanding population, and hence, the demand for textiles. The invention of the 
power loom provided the means to produce textiles. However, bleaching by spreading 
the cloth in open fields required months and became increasingly expensive because of 
soaring land values. The chlorine bleaching process not only shortened the operations 
from months to a few days but also freed vast areas for more productive use [9]. Based 
on the greatly improved efficiency of textile bleaching, the pulp and paper industry also 
began using bleaching powder [10]. 

Following the discovery that bacteria were responsible for the transmission of 
certain diseases, several investigators [10] studied the chlorination of both sewage 
and potable water in the 1890s. By 1912, the use of chlorine for water treatment 
had become a practice [11] and there was significant reduction in the incidence of 
waterborne diseases such as typhoid [12]. There were 549 cases during the “winter 
typhoid” reported in Montreal, Canada during the months of October to December 
1909, and after the chlorination of drinking water in 1910, only 170 cases were repor¬ 
ted during the same time period [13]. During the period of 1756 to 1932, the use of 
chlorine in the pulp-making industry made inroads, as chlorine in the form of hypochlor¬ 
ites removed the color or color-producing materials from the cellulosic fibers, without 
undue degradation of the fibers. Thus, water disinfection operations and the pulp and 
paper industry consumed virtually all the chlorine manufactured during the 19th cen¬ 
tury. The first use of chlorine for disinfection dates back to 1823, when it was used in 
hospitals. Chlorine water was employed in obstetric wards to prevent puerperal fever 
in 1826, and fumigation with chlorine was practiced during the great European cholera 
epidemic. 

Dichloroethane was produced in 1795, and chloroform was synthesized in 1831. 
By 1848, the anesthetic properties of chloroform were recognized and used in surgical 
practice [14,15]. 

A major turning point for the industry was the use of chlorine for water purification 
during the typhoid epidemic, in Niagara Falls in 1912, although, bleaching powder was 
used in 1897 to clean the polluted mains during a typhoid out-break in England. Many 
new uses of chlorine were developed during World War I, when the US chemical industry 
started to become independent of the European chemical industry. 

Many new applications for chlorine (e.g., manufacture of ethylene glycol, chlorin¬ 
ated solvents, vinyl chloride, and others), were developed between 1920 and 1940. The 
war period triggered the development of new uses for chlorine for military needs, and 
the trend continued to produce new products for civilian use following World War II. 
Progress in synthetic organic chemistry in the 19th century had led to the preparation 
of substitutes for natural products and entirely new and useful compounds including 
intermediates and final products. Chlorine, because of its reactivity, unique properties. 
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and low price, was used in many of these, including solvents, pharmaceuticals, and 
dyes [9,13,14]. 

Chlorine and caustic are used for manufacturing many products routinely used in 
all walks of life. The following sections discuss some of the end uses of chlorine, caustic 
soda, and potassium hydroxide. For an almost complete listing of the end products 
involving chlorine and caustic, the reader is referred to references [2,16], where the 
intermediates formed from chlorine and the final products and end uses are compiled. 

1.3. END USES OF CHLORINE 

The major end uses of chlorine are described in Table 1.1. Chlorine is used either directly 
or indirectly in the manufacture of organic and inorganic chemicals. The primary market 
is in the production of organic chemicals, described in Section 1.3.1. Section 1.3.2 
discusses the inorganic chemicals. 

Direct use of chlorine is in pulp and paper manufacturing and water treatment oper¬ 
ations. Chlorine is used in the pulp and paper industry to bleach the pulp to produce 
a high-quality whitened material, devoid of dark lignin and any other undesirable resid¬ 
uals. Chlorine has been the most common disinfectant and is still used by municipalities 
and others to treat potable, process, and waste water streams. Because of this specific 
use of chlorine, waterborne diseases such as typhoid and cholera have been eradicated in 
the industrialized world. Chlorine also removes hydrogen sulfide, iron compounds, and 
organic species that are responsible for objectionable tastes or odor associated with water. 

L3.L Organic Chemicals 

The major use of chlorine is in the manufacture of organic chemicals; the largest 
volume product is polyvinyl chloride (PVC), produced via ethylene dichloride (EDC) 
and vinyl chloride monomer (VCM) as described by reactions (1) and (2) respectively. 
PVC is a very versatile thermoplastic. Rigid PVC is used for piping, siding, windows, 
bottles, and packaging sheeting. Flexible (plasticized) PVC is used for floor coverings, 
film and sheet, wire and cable insulation, and a myriad of other applications. In general, 
PVC is used judiciously to replace metals. 


CH 2 =CH 2 + CI 2 

CH2C1-CH2C1 

( 1 ) 

pyrolysis 

CH2C1 CH2C1 > 

CH2==CHC1 + HCl 

( 2 ) 


Propylene oxide, made by reacting propylene with chlorine to form propylene chloro- 
hydrin which is then dehydrochlorinated with caustic soda or lime (Eqs. 3-5), is used in 
the production of polyether polyols used for producing urethane foam. It also finds use 
in propylene glycol for making unsaturated polyester resins and in the pharmaceutical 
and food industries. Epichlorohydrin (EPI), formed by chlorination of propylene to allyl 
chloride and then dehydrochlorination (Eqs. 6 and 7), is used to make epoxy resins for 
producing laminates, fiber-reinforced composites, protective coatings, and adhesives. 
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TABLE 1.1. End Uses of Chlorine (with permission from SRI Consulting) 


CHLORINE 

-^ 


^nylCMwkl* _ 
VnyMwt CMwtdt 


OtcMomthyl ■ftw 


IVltthyi CMoridt 


UP«^v)nykHn«nt Chiwidt 


High lubfieati«n 
vk 

Vb^tttnr - 

Paint«, van^ts, 
and lacqutrs 


Ptastie (Clear plaetw 
batHas) 

Anee^tie 


j Methyl Ceitulose 


Madjeal devices used 
within the body 
Statical membranes 
Encapsulation of electronic 
parts 

Water repelent coatings 
Various home use enilkmg 
and seizing confounds 


Methylene CMoride 
Chlorofonn 
Carton Tetrachloride 

Water Treatment 


. ^ Sanitizing & disinfecting agent 
for munioipd water supply 
I Waste & sewage treatment 


Polymers- 
Water treatment 


Olyeerine - 


for aluminum 

earts 

Surface coatings on 
househeid appliances 
Matrix for stained 
glass windovsK 
Household glue for metds, 
glass, and ceramics 

Pharmaceuticals 
Moisturing eempeunds 


Pipe and Nnirtgs for non 
eorrosive materials 
Paeka^g ^ food produels, 
especi^ me^ and poultry 
MuMwaHpaporbags 
Soatcevors 
U|Hiois(ery 
Fibors 

Brisilos for brushos 
Latex eootir^s 


Thickening agent for 
foods and nonfoods 


Time release pharmaeeuticals 
Water tretdment 

{id(s 

Coatings 

Rocket eon^onents 

Topical anesthetic 
^«ies 

Plastic processing 
Photographic chemioi^ 
Pharmaooutteids 
Paint removers 
Dry cleaning 
Adhesives 
Cosmetics 
Refrigerants 
Aerosols 


Paper Pulp - 


Benzoyl Chloride 

Chlorotoluenes _ 

Benzotrichloride 

Parachlorobenzotrifluoride 


^ Neoprei 


Pharmaceuticals 
Perfume base 
Sunscreen 
Dyes 

Initiators for plasties 
StabiHzers for plastics 
K«ticides 
Cosmetics 


newspaper 

Pare bags 

Coffee filters 

Tissue 

Copy paper 

Paper towels 

Writing paper 

Printing paper 

(books, magazine 

calenders,cheeks) 

Paperboard for packaging 

Shoe soles(oif resistant) 
Carpet backing 
Seat cushions 
\Wre coating 


1,4 Dichtorobutane 


Di^orophenyl 

Sulfone 




Propylene 
Chlorohydrm . 


Computer components 
Power tool housings 
Appliance housings 
Electronic parts 
Pipe and sheets 


~>j Propylene Oxide —-bj^Polyurelhane 

j Propylene Qtyeols J. 

Hydroxyprop^aeryiate-p. 

’ - ► 

Polypropylene Olyeds 
Propylene Oiyed Ethers 
Isopropartolamines 


Shoe uppers and heels 
Auto bumpers and fenders 
Abrasive wheels 
Brush bristles 
Adhesives 

Sealants and caulking agents 
Spandex fibers (exceptional 
eiastieity-used in socks, belts and 
streleh bands) 

Paints and inmishes 
Foam cushions 


1 


4 Lubricants, 
i metai working Ruids 
! Rubber 
i Plastics 


Coatings 

Paint 

Solvents 

Cleaners 

Inlmneditdes 

Brake fluids 

Mining ehemietis 


Handbags 

Watehstraps 

Blfolds 

Shots and belts 

Textile fafarie eoatings 

Rameeids, rainsuits, «td pwkas 

Magnttie recording tape 

Oolfbags 

Bieyele seats and handle bar grips 
Exercise ecpiipment pad coverings 
MataMe beats and water floats 
Floor coverings and deeorative molding 

WM^wr 

StSng, gutters, and gutter leaf guards 

Window and doer frames 

Plumbing fittings 

Film and sheeting 

Solar reflective film 

Electrical insulation 

Baby strollers 

Btdiy bibs, crib bumper pads, and mattress 
covers 
Toys 

Card tables and chairs 
Wood grain vinyl coating for 
stereooabrnets, 

radio and TV cabinets, TV carts, book 
shelves, table tops and counters 
Cases for cosmetics, cameras, binoculars, 
hunting rifles, musical instruments 
Containers for food products, cosmetics, 
toiletries and household chemicals 
Coating for paper 

Adhesive and bending agent base for 
S^hetic turf 

Swimming pool liners and covers 
Garden hoses 

School and office supplies such as ring 
binder covers, pencil cases, book totes 
Automobile vinyl tops, upholstery, and floor 
mats 

Seat coverings 
Umbrellas 

Electrical; and decorative vinyl tapes 
Tire cord 

Wearing apparel (shirts,blouses, lingerie, 
hosiery, jackets, and swim wear) 
hogging shoes and sneakers 
Flotation vests for boating 
Fishing boots, nets, and line 
Cordage, towlines, and rope 
Tents 

Window screens 

Tarpmilins, canopies, and awnings 
Sleeping bags »id camping equipment 
Tennis racket strings 
Guitar strings 
Bristles for: 

(toothbrushes, hairbrushes, paint 
brushes, carpets and rugs) 

ArttRcial turf 
Parachutes 
Sails 

Automotive upholstery 
Furniture fabrics 
Gears and bearings 
Vtire insulation 


Surgical sutures 
Pen tips 


Adhesives 

Coatings 

Corrosion inhibitors 

Cosmetics/Persenal care 

Hnbieides 

Naturalizing agents 

Plasties 

Surfactants 

Urethanes 


Plastics 

Solvents 

Coatings 

Paint 

Food addHives 
Plasticizers 

Antifreeze and coolants 
Flavoring extracts 
Soft-drink syrups 
Lotionsicreams 
Cosmetics 
Cleansing creams 
Suntan lotions 
Braae fluids 
Phsmiaceuticals 
Inseetieides 
Natural gas treatment 
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TABLE 1.1. (continued) 



Chloroae«tte AeM 
Trlohloroae«taM«liy(f». 


Ufiiimiiti and 
pharmaeaiilioals 


Tatrachloroplitbaite- 

anKydrida 

Chlorinated Paraffins- 


SumirDtehlorida 
Suiter MonoehiorMa 

ThtonylChiorida - 

SulterylChlorMa 

Phosphoras Trfeiilorida 
Phosphenis Panteehlorid* 
Phosphorus Oxyohlorlda 


Highway strips paint 
High prassura lubrioante 
Phaprooflng agantter textflas 
Plastieliarfor polyvinyl 
ohiorlda 
Datergante 


Oasoitna addWvas 
Hydraullo fluids 
Samioonduetor manuteotura 
Pira ratarding agants 
Harbielda 


Parris Chlortda 
Stennous Chiorida 


Silvaring mirrors 
Stebllisartepartefnt 
in soaps 


Zino ChiorMa- 

Chlorinated Isooyanurates^ 


sodium H^MChiortte 
Catslum Hypoehlorite- 


TiteniumDioxIda 


Sanitizars ter swimming pools 
HousahoM and ootnmarsiai 
blMshas 

Datergante ter auteimtfe 
dishwashars 
Seouring powdars 


AlgasMa 

taeterlsida 

Daodorant 

Potahia water purifloatfon 
Disintestaiitter 
swimming pools 


1,1,1 Trishloroatfiana 
Parehioroalfiyiana 
Ethylana Dlshlorida— 
Trichloroatli^riana 


Panranantwava solutions 
and hair oara products 
2,4,0 and ottiar harbicidas 
S^Mhade eafteine 
Vinyl stabilizar 
Pharmacauticais 


Ptama ratardantfor 
ptasdes 


Photegraphie chamicals 
Dyas 

littbbar antioxidants 
Purifying sugar luicas 
Band Aids 
Erasars 
Oil additivas 
Pacamakar batterias 
Pungleidas 

Photography 
Btohing and engraving 
Printed oirauitry 
Pharmacauticais 

Wittf t tid MWg* tfwteimt 

SoMartng tesas 
Deodorant praparatons 
Dantai camants 
and dantifricas 


Bleaching puip>paper 
and textiles 
IMtter purification 
Pharmaoaiideals 
Household bleach 

———— ---DIsintectentter 

swimming pools 

Electrical components 
Semiconductors 
Corrosion rasistent paint 
Synthallc gemstones 
Catetyst 
Paint pigments 


Paper daittkar 
Transtermar fluid 
Circuit boards 
Drain claanars 
Taxtila manufacture 
Leather finishing 
Pignwnts 
Dyas 

llalMgarants 

Spotramovar 

Insaedeidas 

PasdeMas 

Solvante 

Adhtsivas 

Dagraasar 

Diy cleaning 
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CI 2 + H 2 O HOCl + HCl 

(3) 

CH 3 -CH=CH 2 +H 0 C 1 -> CH 3 -CH-CH 2 

(4) 

Propylene 

OH Cl 

Propylene 

chlorohydrin 


CH 3 -CH-CH 2 + HCl + CaO-^ 

J 1 1 

CH 3 -CH-CH 2 + CaCl 2 + H 2 O 

V 

(5) 

OH Cl 


Propylene Chlorohydrin 

Propylene Oxide 


CH 3 -CH=CH 2 + CI 2 

—^ CH 3 -CH-CH + HCl 
(!:i 

( 6 ) 

Propylene 

Allyl Chloride 


CH 3 -CH=CH + Cl 2 +CaO -^ CH 2 -CH-CH 2 +CaCl 2 

(7) 

Cl 

) \ ' 

Cl 0 


Allyl Chloride 

Epichlorohydrin 


Phosgene produced by chlorinating carbon monoxide is used as a carbonylating 
agent to convert amines to isocyanates, as shown by reactions ( 8 ) and (9). Thus, 
the reaction of phosgene with diphenylmethane diamine results in the formation of 
methylene diphenyl diisocyanate (MDI), and with toluenediamine to form toluene diiso¬ 
cyanate (TDI). The isocyanates are used to produce polyurethanes for flexible and 
rigid foams, elastomers, coatings, and adhesives, for the construction and automotive 
industries. 

CO + CI 2 

^ COCI 2 

( 8 ) 

R-NH 2 + COCI 2 - 

- R-N-C=0 + 2HC1 

(9) 

Amine Phosgene 

Isocyanate 



Chlorinated solvents made from EDC and VCM include perchloroethylene (PCE), 
used for dry cleaning, and 1,1,1-trichloroethane and trichloroethylene (TCE), used in 
vapor degreasing operations. Chlorofluorocarbons (CFCs), used as solvents, blowing 
agents, and refrigerants for household and commercial air conditioners, are made by 
reacting HE with carbon tetrachloride (CCI 4 ) (to form CFC-1 1 and -12) and with PCE 
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to produce CFC-113, -114, and -115. Hydrochlorofluorocarbon HCFC-22, which is less 
harmful than CFCs to the ozone layer, is derived from chloroform and is used not only 
for air-conditioning but also as an intermediate in the production of tetrafluoroethylene 
for manufacturing polytetrafluoroethylene (PTFE) and other fluoropolymers. HCFC- 
142b, made from 1,1,1-trichloroethane, is used as a blowing agent for polystyrene and 
as raw material for vinylidene fluoride that is used in the production of fluoroplastics 
and fluoroelastomers. 

HFC-134a, a substitute for CFC-12 in the production of refrigerants, contains 
no chlorine, and is environmentally benign. It is made from chlorinated organic 
intermediates. Reaction schemes involved in the production of these fluorinated com¬ 
pounds from CCI 4 , chloroform (CHCI 3 ), and PCE (CCl 2 =CCl 2 ) are shown in 
Eqs. (10) to (18). Figure 1.1 illustrates the fluorinated compounds made with C-2 
compounds. 

Methyl chloride is used in the production of chlorosilanes which are intermediates 
in the production of silicone fluids, elastomers, and resins. Methylene chloride finds 
use in film processing, paint removing, metal cleaning, urethane foam blowing, and 
the electronic and pharmaceutical industries. Household food wraps such as Saran® are 
made from VCM and vinylidene chloride. The latter is made by chlorinating EDC to 
1 , 1 , 2 -trichloroethane, followed by dehydrochlorination with caustic soda. 



CCI4 



+HF ^ CCI 3 F -h HCl 
(Trichlorofluoromethane: CFC-11) 
+2HF^CCl2F2+2HCl 
(Dichlorodifluoromethane: CFC-12) 

+3HF^CClF3-h3HCl 
(Chlorotrifluoromethane: CFC-13) 


( 10 ) 

( 11 ) 

( 12 ) 


CHCI 3 



+ HF^CHCl2F-hHCl 
(Dichlorofluoromethane: HCFC-21) 
+ 2HF^CHC1F2+2HC1 
(Chlorodifluoromethane: HCFC-22) 
+ 3HF-^CHF3 + 3HC1 
(Trifluoromethane: HFC-23) 


(13) 

(14) 

(15) 


CCl 2 =CCl 2 




+ CI 2 + 3HF ^ CCI 2 F-CCIF 2 + 3HC1 
(1,1,2-Trichlorotrifluoroethane: CFC-113) 
+ CI 2 + 4HF ^ CCIF 2 -CCIF 2 + 4HC1 
(1,2-Dichlorotetrafluoroethane: CFC-114) 
+CI 2 + 5HF ^ CF 3 -CCIF 2 + 5HC1 
(Chloropentafluoroethane: CFC-115) 


(16) 

(17) 


( 18 ) 
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FIGURE 1.1. C 2 -HCFCS and MFCs and their precursors. 


Chlorination of benzene in the presence of a metal catalyst such as FeCl 3 or 
AICI 3 leads to the formation of chlorobenzenes as shown by Eqs. (19) and (20). 



Monochlorobenzene is used in the production of nitrochlorobenzenes which are interme¬ 
diates for making rubber chemicals, antioxidants, dyes and pigments, and of diphenyl 
ether, a component of heat transfer fluids. Dichlorobenzenes are used for producing 
mothballs, dye intermediates, and process solvents. 
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Synthetic glycerin, produced by the chlorination of allyl alcohol to form dichloro- 
hydrin followed by hydrolysis, is the raw material in the manufacture of allyl resins and 
the production of nitroglycerine and other explosives. It is also used as a humectant in 
tobacco processing and as a plasticizer in cellophane manufacturing. 

Polycarbonate resins, formed by using phosgene as a carbonylating agent for 
bisphenol A (Eq. 21), are used in automotive parts, appliances, power tools, and glazing, 
among many other applications. 



Bisphenol A 



Polycarbonate 


Chloroprene, used to manufacture neoprene, which is an elastometer with high 
resilience and resistance to ozone, flame, and weathering, is produced by the reaction of 
chlorine with butadiene (Eq. 22). 


CH2=CH-CH=CH2 + CI 2 ^ CH2=CC1-CH=CH2 -h HCl (22) 

Butadiene Chloroprene 

Chlorine-based intermediates including methyl chloride, 1,1,1-Trichloroethane, 
and chlorobenzenes are used in the production of a wide spectrum of pesticides (includ¬ 
ing herbicides, insecticides, fumigants) and fungicides. Pentachlorophenol is used as a 
wood preservative. 

There are several straight-chain saturated hydrocarbons in the C 10 -C 30 range, which 
are directly chlorinated to produce chlorinated paraffins, used as coolants and lubricants 
for metal-working compounds and also as plasticizers and flame retardants. 

Controlled chlorination of cyanuric acid results in the formation of di- and tri- 
chloroisocyanuric acids containing more than 90% available chlorine, which are used 
in dishwashing detergents and industrial and commercial laundries for their effective 
bleaching and disinfecting properties. They can be dry-packaged for domestic use and 
compete with the commonly used sodium hypochlorite. 

Cyanuric chloride, formed by the reaction of chlorine with hydrogen cyanide, is used 
to produce herbicides, optical brighteners, pharmaceuticals, explosives, and surfactants. 
Ethyl chloride, made by reacting ethylene with HCl, was used to make tetraethyl lead. 

Other products involving chlorine in their manufacturing processes include epoxy 
resins, polyurethanes, chlorinated solvents, refrigerants, process solvents, cellophane, 
wood preservatives, flame retardants, herbicides, pharmaceuticals, and explosives. 
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7.5.2. Inorganic Chemicals 

Chlorine is also used in the production of many inorganic chemicals. The major product 
is titanium dioxide, which is made by reacting rutile (92-96% Ti 02 ) or a mixture of 
ilmenite (40-55% Ti 02 ) and rutile with chlorine to forrn TiCU which is then puri¬ 
fied and oxidized to Ti 02 . Ti 02 is used as a pigment for paints, paper, plastics, and 
rubber. 

Bromine, which finds use in flame retardants, fire extinguishing agents, drilling 
fluids (calcium and zinc bromides), and fumigants to kill pests in soil and in buildings, 
is produced by treating hot brine containing bromide ion with chlorine. High-purity 
hydrochloric acid, made by burning H 2 and CI 2 , is used in the food, electronics, and 
pharmaceutical industries. Also, a large amount of hydrochloric acid or gaseous hydrogen 
chloride is recovered from various hydrocarbon chlorination processes. 

Hypochlorites of sodium, calcium, and lithium, and chlorinated trisodium phos¬ 
phate involve chlorine in their production. Sodium hypochlorite of about 5% strength 
finds extensive use in the household bleach market and in residential swimming pools, 
and 15% sodium hypochlorite, an industrial bleach, is used for water treatment in muni¬ 
cipal and industrial plants. Sodium hypochlorite is made by reacting chlorine with caustic 
soda. Calcium hypochlorite is mainly used as a swimming pool chemical. Aluminum 
chloride, produced from chlorine and aluminum or alumina, is used as a catalyst (for 
alkyl and ethyl benzenes, dyestuffs, ethyl chloride, and hydrocarbon resin production) 
and also in the production of pharmaceuticals and titanium dioxide. 

Exotic metals such as titanium and zirconium are produced from their respect¬ 
ive chlorides, which are formed by reacting chlorine with the oxides. Thus, metallic 
titanium is produced by reacting TiCU with molten sodium or magnesium, while metal¬ 
lic zirconium is made by reaction of ZrCU with magnesium. Molten salt electrolysis of 
magnesium chloride generates magnesium metal and chlorine, and fused salt electrolysis 
of sodium chloride and calcium chloride mixtures produces metallic sodium. 


1.4. END USES OF SODIUM HYDROXIDE 

The end uses of caustic soda, shown in Table 1.2, are more varied than the uses of 
chlorine. The origin of its extensive use lies in its ability to neutralize acids, as it is a 
strong base, and its ability to react with some metals and oxides, such as aluminum or 
AI 2 O 3 to form anionic aluminates. 

Caustic soda is used either directly or indirectly in the production of organic and 
inorganic chemicals, described below. 

The direct use of caustic is in the pulp and paper industry, soap and detergent 
manufacturing, petroleum and natural gas operations, and alumina. Wood pulp, used for 
producing paper and paperboard, rayon, and cellulose ester plastics, among others, is 
made from small wood chips from either hardwood or softwood logs, which are digested 
with steam and white liquor containing caustic soda and sodium sulfide. Following the 
dissolution of lignin and conversion of the wood chips into pulp, the pulp is washed 
and separated from the black liquor, which is a mixture of spent pulping chemicals, 
degraded lignin byproducts, etc. The pulp at this stage is dark brown and is treated 
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TABLE 1.2. End Uses of Sodium Hydroxide (with permission from SRI Consulting) 


NaOH 


R«fining v*gat*t>i« oil* 
RubiMr r»clamatlon a 9 «nt 
M«tat procMsing 
Or« fioAtutlon 
Motal <l«gr«a»ing 
Aluminum or* (bauxtt*) 
Effluant atraam traatmant 
control 
Olainfaetant 
Alkallna iMttIa 
waahlng formula 
Latax rubbar atabllhmra 

Food additiva 

Sodium chamtcala -1 

Fruit & vagatebla paaling 

Etching 

Eiactroplating 


Wood pulp (aoda procaaa) 
Wallboaid 
Groundwood pulp blaachiHg 


Sodium chloroacatata 


Sodium 

Carboxymath^cal I uloaa 

Oyaa 

Vltamina 


Food producta 
(aapaciatiy lea cream 
and dietetic fooda) 
aa a watarblndar, thickener 
suBpandtng agent and amuleion 
atabtlizar 

Textile manufacturing (alzing) 

Paper ooatinga, printa, 
pharmacauticela and coamatlca 

Herbicide 


'j Haxamathylanediamina- 


Caaa hardening and 
heat treating ataat 

Ethyle nediaminatatra 
acatie acid (OTA) 

Ora floatation 
Oyaa 

Phatmacauticala 

Piaatica 

Sodium thiocyanate 
Elactioptating 
Extraction agent for 
geld and ailvar production 
fromotaa 

Eiaotropiating agent 
for copper, zinc, 
braaa, and cadmium 


Sodium formate 
Sodium chlorfta • 


Refining of pulp , - 

(chemical calluloaa) ^ Caiiuloaa xanthata 

Petroleum refining 
(aweatanlng) 

ion-exchange ragenaretion 
Gaa ecrubbing 

Oyaa 

Xyianaauifonlcacld-► Synthetic datarganta 

Catelyet 


Bleach for taxtilaa, paper 
pulp, adibia oiia, and 
atraw producta 
Oxidizing agant for dyaa 


Leather tanning agant 
Wallpaper printing 
Dye mordant 
Oxalic acid 
Phaimacautlcala 
Matai piaring 
Catalyal 


Sodium ataarata - 


Sodium lauryl aulfatar 


Sodium naphthanata 


Sodium olaata 
Taxtita procaaaing - 
creeping agant for 
taxtilaa 

Me rc erizing cotton 
Scouring cotton 
Vat dyeing 

Epoxy -- 


Wrapping and 
protective packaging 


Wearing apparel (alone 

or In combination with 

worri and cotton to 

incraaaa wear and craaaa raaiatanca) 

Hoalaiy 

Tire cord 

Briattaa for toothbrushes, 
hairbruahaa, paintbrushes, etc 

Cordage and tow lines 
Fish net and flsMng line 
Tannia racket atrings 
Rugs and carpets 
Athletic turf 
Parechutaa 
Sails 

Automotive upholstry 
Oaara and bearings 
Electrical wire Inaulation 
Su^lcat auturaa 
ArtHictal blood vasaels 
Pan tips 


Wearing apparel 
Surgical draaaing 
Nonwovan fabrtca 
Coated fabrica 
ar>d Mankats 
Biands with cotton for 
homafurnl8hlnga( drapaa[ 
badapraada, table clothe) 


Hydroxyathyi -i 
calluloaa(HEC) 


Camanta 

Textile procaaaing 

Adhaaivaa 

Coamatlca 

Pharmaceutical iotiona 
and jell)** 

Aaphalt amutaiona 


Automotive radiator cleaner 
Leather tanning 
Nonwovan fabrica 
Textile bleaching 
Rare earth procaasing 
Purifjdng agant and 
Intarmadlata for many 
chemical compounda 


Lacquara 

Ink for heat trenafar 
printing in fabric 
Adhaaivaa 

Phanmacautlcal (binder, f illar, 
protactiva tablet coating) 

Gal lacquara (bowling pins, 
alactrical equipment coatings) 


2-Hydroxypropyl— 
calluioaa 
2>Hydroxyethyl 
methyl calluioaa 
(KEMC) 


Coating and glaze for 
food Hama 


Pharmaceuticals 


Atuminum ataarata 
Calcium ataarata_ 


Watting agent for taxtilaa 
Surface activa agents 
Food additive 


Soaps 

Grama 

Pharmacautkala 
Galling agant 
Piaatica atablllzar 
Coamatlca 


Surface active aganta 
EmulaWar 
DIainfaetanta 
Driare 

Pollution reduction 
fuel additiva 


Ora floatation 
Mhrtaiprooflng taxtilaa 
Ernultmar 
Soapa 


Adhaaivaa 

Coatings 

Electrical compounda 


Lawn and garden equipment 
Toya 

Ap^lancaa 

Medical equipment 

Automotive trim and inatrumantation 

panala 

Wiring davicaa 
Electrical ancloaurm 
Coamatlca and packaging 
Dinnanvara 







INTRODUCTION 


13 


TABLE 1.2. (continued) 


Sodium propionatu. 
Sodium phoitolata - 


Mold pravantiva for 
food 


Sodium matasttieata 

Sodium orthosilieata- “ 

Sodium pferamata 
Sodium stannata_ 


— p. 


Dya Intarmadiata 

Zeolites 

Dete rgents 


Sodium polysuifidas 
Sodium suifita — 


Sodium arsenite 
Sodium foromite 


Sutfiir dyas 
Synttiatic rubbar 
Patrolaum additivas 
Electroplating 


> Textile desizer 


Sodium dimethyl 
dithioearbamate 


Sodium dinitro 0*cresylate. 


Sodium diuranate 
Sodium tungstate 
Sodium fluoroacetate 


Sodium formaIdehyda- 
suifoxylate 


Zinc dimethyl dt- 
thioearbamate 


Herbicide 

Control agent for fruit 
setting fungicide 


-^Rodanticida 


Textile stripping 
Bleaching agent for 
molasses and soap 


> 


Antiseptics 
Asprin (salicylic acid) 


Blueprint paper 
Dya mordants 
Ceramics and glass 
Tin alactroplating 
Textile fireproofing 
Stabilizer for 
hydrogen peroxide 


! Fungicide 
i Activator for rubbar 
>1 vulcanization 


Monosodium glutamate —-—►Flavor enhancer 


Sodium molybdate- 


Cupric hydroxide 
Manganous Hydroxide 

Mercuric oxide 


Nickel hydroxide 
Beryllium hydroxide 
Barium hydroxide 


Pharmaceuticals 
Paint pigments 
Fertilizer 


Pigment for fabrics 
Ceramics 


I Paint pigment 
I Perfumes 
i Cosmetics 
' Pharmaceuticals 
; Batteries (especially for 
miniaturized equtpmenl^ 
H Polishing compounds 


Refining of beet sugar 
Manufacture of oil and grease additives 
Steel carbonizing agent 
Glass manufacture 


Cadmium hydroxide 
Cobalt hydroxide — 
Lead hydroxide 

Amyl alcohol - 


►Cadmium plating 


►Pharmaceuticals 


Acrylonitrile 


Hydrazine 


ABS resins 

Automotive body parts 

Telephones 

Shoe heels 

Luggage 

Shower stalls 

Boats 

Radiator grills 
Business machines 
Electronic equipment housings 
Toys 

Nitrile rubber 
Softdrink bottles 


Rocket propellant 
Pharmaceuticals 
Polymerization catalyst 
Blowing agent 
Spandex fibers 
(imparts elasticity to 
garments such as socks 
and special hosiery) 
Photographic developers 
Plating metals on glass 
Fuel cells 

Buoyancy agent for 
undersea salvage 


Vanillin 


Flavors 

Perfumes 
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further to remove the remnant lignin, and is brightened by bleaching with chlorine or 
other oxidizers to produce a whitened pulp to produce high quality, white paper. 

Soaps are primarily the sodium salts of fatty acids (and contain small quantities of 
ingredients such as perfumes, whitening agents, and builders, which complex calcium 
and magnesium ions). Stearic acid, present in tallow, oleic acids, and coconut oil, is a 
typical fatty acid. Detergents, constituting a large market for caustic, contain surface 
active agents, corrosion inhibitors, sud regulators, and other additives. The surfact¬ 
ants are made by reaction of caustic with linear alkyl sulfonates, alcohol sulfates, and 
ether sulfates. Caustic soda is used to saponify oils, fatty acids, and waxes to produce 
cosmetics, greases, and other products. 

Caustic is used in the petroleum and natural gas industry as an additive to drilling 
mud, which is circulated to provide cooling and lubrication and to decrease the cor¬ 
rosion caused by acidic species. Addition of caustic not only minimizes the corrosion 
of drilling materials, but also enhances petroleum recovery by solubilizing the drilling 
mud components at high pH and by reducing the interfacial tension between oil, water, 
and rock, thereby facilitating the recovery of oil during the chemical flooding opera¬ 
tion. Furthermore, caustic acts as a bactericide. The use of caustic in the oil and gas 
industry is associated with the removal of H 2 S from crude hydrocarbons and extraction 
of nonvolatile components such as phenols, cresols, fatty acids, and napthenic acids from 
hydrocarbon streams. Cresols, used in the production of resins, are recovered from the 
spent caustic from scrubbing the petroleum distillates. 

One of the major direct uses of caustic is the manufacture of alumina from bauxite 
by the Bayer process. Bauxite, an ore containing hydrated alumina and various impurities 
such as iron and silica, is treated with caustic to solubilize alumina as sodium aluminate. 
The solution is filtered to remove the insolubles. The sodium aluminate solution is then 
hydrolyzed and cooled to form aluminum hydroxide, which is calcined to form pure 
alumina, from which metallic aluminum is produced by electrolysis. 


1.4.1, Organic Chemicals 

Caustic soda is used in the manufacture of organic chemicals for neutralization of acids, 
pH control, off-gas scrubbing, and dehydrochlorination. In addition, it can act as a 
catalyst and as a source of sodium during chemical reactions. Thus, propylene oxide, a 
raw material for polyether polyols used in flexible and rigid urethane foams, elastomers, 
coatings, and injection molding polymers, is made by the dehydrochlorination of pro¬ 
pylene chlorohydrin with lime or caustic soda. Caustic is also used in the manufacture 
of EPI and the dehydrochlorination stage of epoxy resin production—the epoxy resins 
being used to make protective coatings, laminates, and fiber-reinforced plastics. Hydro¬ 
lysis of EPI with caustic results in the formation of glycerin used in the pharmaceutical, 
tobacco, cosmetic, and food and beverage industries. 

Chelating agents used to sequester metal ions such as calcium, magnesium, iron, 
and copper, are made by reacting caustic with ethylene diamine tetraacetic acid, hydroxy 
ethylenediamine triacetic acid, nitrilotriacetic acid, citric acid, gluconic acid, and 
diethylene triamine pentaacetic acid. Cellulose ether, which alters the flow characteristics 
of organic and inorganic solutions (e.g., oil drilling muds, pharmaceuticals, foods, and 
detergents) is made by reacting caustic with cellulose and sodium monochloroacetate. 
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Hydroxy ethyl cellulose, carboxymethyl hydroxyethyl cellulose, and methyl cellulose 
use caustic in their manufacture. Several other applications of caustic are summarized 
in Table 1.2. 


1.4,2. Inorganic Chemicals 

Caustic soda is used mainly in the manufacture of various sodium-containing com¬ 
pounds and sodium salts of acids, as well as in other applications where a high pH 
should be maintained. The major use of caustic soda in inorganic chemicals is the 
production of sodium hypochlorite for household and industrial bleaching purposes. 
Sodium-containing compounds used in the pulp and paper industry include: sodium 
hydrosulfide, sodium hydrosulfite (a bleaching agent for mechanical pulp), sodium 
sulfide, and sodium sulfite, which is also a raw material for making sodium thiosulfate. 
Sodium cyanide, made with caustic and hydrogen cyanide, is used in electroplating 
and chemical synthesis, the largest use being the extraction of gold from ores. Zeolites, 
which are hydrated aluminosilicates of alkali and alkaline earth metals, are used as deter¬ 
gent builders, catalysts, and adsorbents. Zeolites are made either by the hydrogel process, 
involving slow crystallization of an amorphous gel formed by reacting sodium aluminate 
with sodium silicate to form an orderly structure of sodium cations and aluminate and 
silicate anions, or by the kaolin conversion process where caustic is reacted with kaolin 
from clay. 

Sodium silicates, produced by reacting caustic or dry soda ash with silica, are non- 
crystalline solid solutions that find use in adhesives, cleaners, catalysts, and detergents. 
Sodium phosphates, produced by reacting phosphoric acid with caustic, are used in 
detergents and cleaners. Caustic is also used in several food processing applications, 
including the removal of skins from produce items (potatoes, tomatoes, etc.). 


1.5. END USES OF POTASSIUM HYDROXIDE 

Potassium hydroxide, like its sodium counterpart, is a versatile intermediate in the pro¬ 
duction of chemicals. Because KOH is more expensive, NaOH dominates in large-scale 
uses, and potassium chemicals are largely restricted to specialty markets. They are 
often more soluble and more reactive than the corresponding sodium chemicals, and 
this fact is responsible for many of their applications. Widely used derivatives include 
acetate, bicarbonate, bromide, cyanide, ferrocyanide, oxalate, permanganate, and phos¬ 
phate. The derivative with the greatest market probably is potassium carbonate, which 
is discussed in Section 7.5.2.2A. 

The largest end-use for KOH is the production of soaps and detergents. The cost 
handicap, again, does not prevent the use of KOH in specialty products, primarily liquid 
soaps, detergents, and shampoos. KOH is also used in glassmaking, in petroleum 
refineries for the removal of sulfides and mercaptans, in fertilizers, and in many other 
products. 

Worldwide capacity for production of KOH is about 1.7 x 10^ tons/yr. Production 
is expected to grow by 4-5% per year from the 1.4 x 10^ tons produced in 2001 [17]. 
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The excess capacity should then disappear within a few years, but it is not known how 
much “swing” capacity exists that can easily be switched from NaOH to KOH production. 
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History of the Chlor-Alkali 
Industry 


During the last half of the 19th century, chlorine, used almost exclusively in the textile 
and paper industry, was made [ 1 ] by reacting manganese dioxide with hydrochloric acid 

100-110°C 

Mn 02 + 4HC1 —> MnCl 2 + CI 2 + 2 H 2 O (1) 

Recycling of manganese improved the overall process economics, and the process 
became known as the Weldon process [2]. In the 1860s, the Deacon process, which 
generated chlorine by direct catalytic oxidation of hydrochloric acid with air according 
to Eq. (2) was developed [3]. 


4HC1 + 02(air) 


450~460°C;CuCl2cat, 
-> 


2CI2 + 2H2O 


( 2 ) 


The HCl required for reactions (1) and (2) was available from the manufacture of 
soda ash by the LeBlanc process [4,5]. 

H2S04 + 2NaCl Na2S04 + 2HC1 (3) 

Na 2 S 04 + CaC 03 H- 2C -> Na 2 C 03 + CaS -h 2 CO 2 (4) 


Utilization of HCl from reaction (3) eliminated the major water and air pollution 
problems of the LeBlanc process and allowed the generation of chlorine. By 1900, the 
Weldon and Deacon processes generated enough chlorine for the production of about 
150,000 tons per year of bleaching powder in England alone [ 6 ]. 

An important discovery during this period was the fact that steel is immune to 
attack by dry chlorine [7]. This permitted the first commercial production and distribu¬ 
tion of dry liquid chlorine by Badische Anilin-und-Soda Fabrik (BASF) of Germany in 
1888 [8,9]. This technology, using H 2 SO 4 for drying followed by compression of the 
gas and condensation by cooling, is much the same as is currently practiced. 
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In the latter part of the 19th century, the Solvay process for caustic soda began to 
replace the LeBlanc process. The resulting shortage of HCl made it necessary to find 
another route to chlorine. 

Although the first formation of chlorine by the electrolysis of brine was attributed 
to Cruikshank [10] in 1800, it was 90 years later that the electrolytic method was used 
successfully on a commercial scale. In 1833, Faraday formulated the laws that governed 
the electrolysis of aqueous solutions, and patents were issued to Cook and Watt in 1851 
and to Stanley in 1853 for the electrolytic production of chlorine from brine [11]. 


2.1. DIAPHRAGM-CELL TECHNOLOGY DEVELOPMENT 

During the electrolysis of NaCl brine, chlorine is generated at the anode and sodium 
hydroxide is produced at the cathode. 

At the anode: 2Cr ^ CI 2 + 2e 

At the cathode: 2 H 2 O + 2e H 2 -f 20H” 

Overall reaction: 2NaCl + 2H20 ^ 2NaOH + Cl 2 + H 2 

The main difficulty during the electrolysis of NaCl solutions was that of achieving 
continuous separation of chlorine generated at the anode and sodium hydroxide pro¬ 
duced at the cathode. While it was easy to keep the chlorine and hydrogen gases in 
U-shaped tubes, the sodium hydroxide formed at the cathode reacted with chlorine to 
form sodium hypochlorite. The British scientist Charles Watt devised the concept of 
a current-permeable separator, which allowed the electric current to pass but kept the 
anode and cathode products separated. Thus, the diaphragm cell was invented in 1851. 
The major drawback to the use of the Watt cell was the lack of electrical generation 
capacity. The development of the dynamo around 1865 allowed Edison, Siemens, Var- 
ley, Wheatstone, and others to invent generators of electricity with sufficient capacity 
and efficiency to make electrolytic production of chlorine and caustic soda feasible. 

Following the breakthroughs in electricity generation, parallel developments in dia¬ 
phragm cells were made in many countries. The credit for the first commercial cell for 
chlorine production goes to the Griesheim Company in Germany, in 1888. This nonper¬ 
colating diaphragm cell, used predominantly for CI 2 production in the early 1900s, was 
based on the use of porous cement diaphragms, invented by Brauer in 1886 and made by 
mixing Portland cement with brine acidified with HCl, followed by setting and soaking 
in water to remove the soluble salts. The cell, termed the Griesheim Elektron cell [12, 
13] and shown in Fig. 2.1, consists of an iron box with a steam jacket and is mounted on 
insulation blocks. Each unit contains six rectangular boxes made of cement about 1 cm 
thick. The cement boxes act as diaphragms and contain the anodes made of magnetite 
or graphite. The outer box forms the cathodes, and cathode plates are also provided in 
the form of iron sheets placed between anode compartments and reach the bottom of 
the cell. The cell was operated at 2.5 kA, batchwise, with saturated potassium chloride 
solutions for 3 days until a concentration of 7% KOH was obtained, at a current density 
of 100-200 A/m^ at 80-90°C; the cell voltage is about 4 V and the current efficiency 
70-80%. It is very interesting to notp that the best operating conditions for this cell were 
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FIGURE 2.1. A and B: Griesheim Elecktron cell bank; C: Cross-section of Griesheim Elecktron cell, a: anode; 
b: brine inlet; c: cathode; d: brine outlet; e: caustic outlet; s: steam. 


found to be: (1) anodes preferably of magnetite, to obtain pure chlorine without any CO 2 
in the anode gas, (2) high concentration of brine, and (3) a temperature of 80-90°C, to 
reduce the cell voltage. Items (2) and (3) are still the desired parameters for optimal cell 
operation. 

The first diaphragm cell developed in Great Britain was the Hargreaves-Bird cell, 
operated in 1890 by the United Alkali Company. Each cell consisted of a rectangular iron 
box lined with cement. The box was 10 ft long, 4-5 ft deep, and 2 ft wide, divided into 
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FIGURE 2.2. Hargreaves-Bird cell. A: anodes; C: cathodes; D: diaphragms; O: outlet pipes for brine mixed 
with sodium carbonate; S: outlets for CO2 and steam. 


three parts of two separate asbestos sheet diaphragms. Six carbon anodes were placed in 
the anode compartment, and the cathode was a copper gauze attached to the diaphragms. 
This basic approach of anchoring the diaphragm onto the cathode is still used in modem 
diaphragm cells. The cell design is shown in Fig. 2.2. 

The anode compartment was filled with saturated brine, and during electrolysis 
chlorine evolved at the anode. The sodium ions, along with sodium chloride and water, 
percolated through the diaphragm into the cathode compartment. Back migration of 
hydroxyl ions was suppressed by injecting CO 2 and steam into the cathode compartment 
to form sodium carbonate. The major contribution of this cell was its vertical diaphragm 
configuration, which is the basis of modem cells. 

Twelve cells were run in series at 2 kA, which corresponds to a current density of 
200 A/m^, at 4 to 4.5 V, when 60% of the salt is converted to sodium carbonate. 

The cell, used in France and Italy, was the Outhenin-Chalandre cell [13], which 
consisted of an iron box divided into three compartments; the outer ones contained the 
cathode liquor, and the inner one had the graphite anodes in strong brine. The diaphragm 
was made from cylindrical unglazed porcelain tubes, cemented together into dividing 
walls of the cell. This cell was more complex than the Griesheim cell and required 
considerable attention. 

In the United States, LeSueur [14-17] developed and operated a cell in 1890, 
employing a percolating horizontal diaphragm (Fig. 2.3 A). This design permitted brine to 
flow from the anolyte through the diaphragm continuously to achieve a higher efficiency 
than the contemporary nonpercolating diaphragm cells in Germany and Great Britain. 
LeSueur’s percolating diaphragm cell, which is the basis for all diaphragm chlor-alkali 
cells in use today, shown in Fig. 2.3B, is an improved version of the cell depicted 
in Fig. 2.3A. 

The LeSueur cell was made of iron and divided into two compartments separated 
by a diaphragm, which was deposited on an iron-gauze cathode. The anode was graphite, 
and the anode compartment was sealed to avoid the release of chlorine. The liquid level 
in the anode compartment was higher than the level in the cathode compartment, and the 
caustic flowed out of the cell continuously. This was the first cell to use the percolation 
method for caustic withdrawal. 
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Cathode 

Chamber 




FIGURE 2.3. A: original LeSueur cell; B: modified LeSueur celL 


During the 1920s, the Billiter cell was developed in Germany [13]. This cell was 
similar to the LeSueur cell, and the original design had a fiat electrode and a horizontal 
diaphragm. By modifying the cathode to a corrugated shape, current loads were increased 
from 12 kA to 24 kA (Figs. 2.4A and B). The diaphragm was a closed woven steel screen 
covered with a mixture of long fiber asbestos wool and barium sulfate. Asbestos became 
the primary component of the diaphragm for the next 80 years. 

There was significant cell development activity during the period 1890-1910, 
following LeSueur’s and Hargreaves-Bird cell with a vertical diaphragm, and the devel¬ 
opment of synthetic graphite independently by Castner and Vaughn, and Acheson [18], 
who also developed a method for producing synthetic graphite anodes. The cell designs 
focused on heavy concrete housing, either cylindrical or vertical, with graphite anodes 
entering through the top and the cathode plates bolted on the side. The basic types of 
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FIGURE 2.4. Billitercell. A: flat cathode; B: corrugated cathode, a: anode; c: cathode; d: diaphragm; ac: anode 
chamber; cc: cathode chamber; bi: brine inlet; co: chlorine outlet; no: caustic outlet; ho: hydrogen outlet. 



cells developed were rectangular vertical cells, cylindrical cells, and bipolar filter-press 
type cells, as shown in Fig. 2.5. 


2.7.7. Vertical Diaphragm Cells 

Of the various vertical diaphragm cells shown in Fig. 2.5, the Townsend cell was the 
forerunner of the modem diaphragm cells. The cell design of the early 1900s had poor 
efficiency as the chlorine was reacting with the back-migrating caustic. This problem 
was addressed in the Townsend process by covering the caustic with a film of kerosene. 
The first plant employing the Townsend cell was built in Niagara Falls, and had 68 2-kA 
cells, producing chlorine and caustic soda with low hypochlorite and chlorate. One of 
the important developments that took place around this period was feeding the saturated 
brine through orifices to maintain the desired brine level in the cell, thereby eliminating 
expensive overflow controls [19]. 
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FIGURE 2.5. Schematic of historical diaphragm cells. The symbols are the same as in Fig. 2.4. 


Clarence Marsh improved the design of the Townsend cell in 1913 by installing 
side-entering cathodes and anodes and corrugated finger cathode plates. This design was 
the forerunner of the cathode used in Hooker Type S cell with asbestos paper folded 
to fit the corrugations, the edges being protected by putty. However, the cell putty 
disintegrated exposing the bare cathode surface and thereby reducing the cell current 
efficiency. In 1925, Stuart solved the problem of completely covering the round cathode 
pieces by mixing asbestos fiber in dilute caustic liquor and sucking the asbestos mixture 
onto the cathode by applying a vacuum. The asbestos then formed a tight coating on the 
cathode, conforming perfectly to the contours of the cathode figures. This technique of 
vacuum deposition of asbestos is one of the most important developments in the history 
of chlor-alkali cells [19]. The Marsh cell, before and after diaphragm deposition, is 
shown in Fig. 2.6. 

Following the invention of deposited asbestos diaphragms, Stuart developed the 
Hooker “S” cell, which had vertical cathode fingers with deposited diaphragms. These 
“S” cells were very popular after World War II and were phased into operation throughout 
the world. In 1960, almost 60% of the chlorine production is the United States was in 
Hooker cells. 

While Hooker pioneered the development of vertical diaphragm cells. Diamond 
Alkali Company developed an alternate cell design. In 1959, Diamond licensed a cell with 
cathode fingers, which run continuously from one side of the cell to the other. The support 
of the cathode fingers at both ends (as opposed to Hooker’s cantilevered construction with 
support only at one end) helped ensure the stability of anode-cathode alignment. Also, 
the fingers are oriented parallel to the cell circuit to accommodate thermal expansion 
during operation, and realize voltage savings via the reduced current path. This feature 
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FIGURE 2.6. Marsh cell. A: vertical section; B: plan, sectional diagram; C: original cathode with asbestos 
paper diaphragm; D: asbestos deposited cathode finger. The symbols are the same as in Fig. 2.4. 


has been adopted in almost all modem cells including some Hooker types described in 
Russian patents. The alternative cathode finger supports are shown in Fig. 2.7. 


2.7.2. Developments in Anodes and Diaphragms 

During the early 1900s, the anode used for chlorine generation was either platinum 
or magnetite. However, because of the high cost of platinum and the current density 
limitation (0.4kA/m^) with the magnetite, graphite became the predominantly used 
anode material from 1913 to the mid-1970s. 

Artificial graphite anodes were developed by Acheson and, in 1919, Wheeler 
improved their performance by impregnation with linseed oil. Periodic replacement of 
anodes was nevertheless necessary, as the graphite blades wore away resulting in higher 
cell voltage, due to the increased anode-cathode gap. This motivated the search for 
dimensionally stable anode structures to replace graphite. Platinum and Pt/Ir activated 
titanium was found to offer excellent corrosion resistance in brine electrolysis service. 
However, these anodes suffered from either a short life or a high cost. 

Henri Bernard Beer developed and applied for two patents [20] issued in 1965 
and 1967 that revolutionized the chlor-alkali industry. These patents described thermal 
decomposition techniques to coat titanium substrates with mixed crystals of valve metal 
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FIGURE 2,7. Comparison of Hooker and Diamond cathode designs. A: finger type construction (Hooker type 
“S” ceil); B: flattened tube-type construction (Columbia-Hooker Diamond, Hooker type “T”). 


oxides and platinum group metal oxides—the valve-metal oxide content in these coatings 
being more than 50%. These anodes were initially used in DeNora mercury cells, and 
they exhibited low cell voltage and a long life. Over the next few years, most diaphragm¬ 
cell plants throughout the world were converted to these anodes, which were given the 
registered trademark DSA®, for dimensionally stable anodes [21]. All the technology 
suppliers, to realize the benefits of the low energy consumption offered by the metal 
anodes, changed their cell configurations to incorporate the metal anode. 

After the development of dimensionally stable anodes, the focus shifted to improve¬ 
ments in asbestos diaphragms. Replacement of concrete tops with fiberglass-reinforced 
polyester cell tops improved diaphragm life and voltage by eliminating the degrad¬ 
ation products of concrete. Still, the asbestos diaphragms swelled during operation, 
resulting in increased cell voltage. Diamond Shamrock examined the behavior of these 
asbestos diaphragms and developed a modified composition by mixing asbestos and 
polytetrafluoroethylene (PTFE), which, on heating, resulted in a dimensionally stable 
diaphragm [22]. This diaphragm showed improved cell voltage in commercial tests in 
1972, and made possible the use of expandable anodes, also developed by Diamond [23]. 
At the same time. Hooker developed a stabilized diaphragm, HAPP (Hooker Asbestos 
Plus Polymer), which did not swell. This diaphragm was formed by mixing a poly¬ 
mer into the asbestos slurry before deposition and baking at the fusion point of the 
polymer [24]. 

A major concern with continued exposure to asbestos is its toxicological effect on the 
human body resulting in diseases—such as asbestosis, which becomes significant 15 to 
20 years after first exposure. As a result, the EPA has banned its use in roofing felts, floor¬ 
ing felts, vinyl-asbestos floor tile, asbestos cement pipe and fittings, and heat-resistant 
clothing. Although the chlorine industry in the USA is currently exempt, allowing con¬ 
tinued use of asbestos as diaphragm material, it is believed that environmental pressures 
will ultimately force the industry to adopt non-asbestos diaphragm technology. Some 
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countries have already banned asbestos or defined preferred technology as asbestos-free. 
Anticipating the potential replacement of asbestos, there has been a flurry of activity to 
develop non-asbestos diaphragms. These include the microporous diaphragm, which is 
either a PTFE sheet containing sodium carbonate as a pore former [25] or a mixture 
of PTFE fibers and zirconia [26], vacuum-depositable non-asbestos fibers called Poly- 
ramix [27] and Tephram [28]. Details related to these technologies are addressed in 
Section 4.7. 


2.7.5. Diaphragni’Cell Technologies 

As mentioned previously, the vacuum-deposited diaphragm developed in 1928, coupled 
with the vertical finger anode-cathode construction, initiated the Hooker “S” series cell. 
The “S” type cell continued until 1966, when the single C-60 cell was introduced. In 
1970, the “H” series cell was introduced, with metal anodes replacing the graphite anodes. 
A summary of the major innovations in Hooker diaphragm-cell design is presented in 
Table 2.1. 

Diamond Alkali developed cells very similar to the Hooker cells and began licens¬ 
ing the technology in 1959. Its main cell during the late 1950s and the early 1960s 
was the D-3 cell operating at 33 kA. As noted earlier, the D-3 had cathode fingers 
secured on both sides of the cathode assembly, which was a rectangular steel can with a 


TABLE 2.1. Summary of Major Changes in Hooker Diaphragm Technology 


Date 

Cell 

Key innovation 

1928^8 

S-1 

First successful deposited diaphragm cell. Consistent increases in the 
allowable amperage with minor electrical circuit changes 

1948 

S-3 

Doubled the anode and cathode areas of S-1 to double capacity 

1951 

S-3A 

Conductor sizes increased to permit greater current density 

1956 

S-3B 

Increased CI 2 and H 2 disengaging space to permit greater chlorine 
production 

1960 

S-3C 

Redesigned conductors for optimum economic current density 

1963 

S-4 

Increased anode and cathode height and added five rows of electrodes over 
S-3C to increase cell output 

1964 

S-4B 

Decreased grid height to decrease cost without affecting cathode area. 
Disengaging space increased accordingly 

1966 

C-60 

Redesigned cathode to reduce copper content without increasing voltage 

1970 

H-1 

Substituted metal anodes for graphite anodes in S-4B to increase current 
density and cell life 

1970 

H-2, 2A 

Increased cathode and base copper to carry large currents on basic S-4 and 
C-60 designs 

1971 

HC-4B 

Substituted metal anodes for graphite anodes in S-3C to increase current 
density and cell life 

1972 

H-4 

Increased anode and cathode area to increase capacity 

1978 

H-4M 

Added polymer to asbestos to create a stable, resistant diaphragm with 
reduced energy consumption 

1979 

H-4/84 (or LCD) 

The LCD (low current density) cell operated with about 12% lower current 
density by reducing the anode-cathode gap, and allowing for more 
anode and cathode fingers in the shell of the H-4 cathode 
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deposited asbestos diaphragm. A concrete head on top of the cathode assembly completed 
the cell. 

Later models of Diamond cells include the DS-31, DS-45, and DS-85, which used 
metal anodes. The DS-85 model allows amperage up to 150 kA. The base or cell “bottom” 
features a patented design consisting of a welded steel structure supporting a flat copper 
grid, which carries current to the anodes. A corrosion-resistant mat covers the grid to 
protect the copper from attack by the anolyte and the vertically disposed metal anodes 
are simply bolted to the base through the mat. As in Hooker designs, the cover or cell 
head is made of proprietary polyester resin instead of concrete. This type of cover avoids 
the anolyte contamination resulting from attack on the concrete (as experienced in earlier 
cells), and this, in turn, reduces the frequency of blockage of the diaphragm. 

ELTECH System Corporation currently markets both the Hooker cells and Diamond 
cells. Other diaphragm-cell technologies developed during the 1970s include the 
Hooker-Uhde cell and the ICI-Solvay cell. These cell designs are addressed in Chapter 5. 


2.1 A. Bipolar Diaphragm Cells 

The filter-press cell for producing chlorine and caustic was designed by several early 
investigators. However, it was Dow who pioneered the development of bipolar filter-press 
cells over several years in view of the advantages, which included minimization of the 
bus between the cells and floor space, and low capital cost. The original patents of Dow 
were issued in 1911 and 1913 [29]. The filter-press cell design, patented in 1921 [30], 
shown in Fig. 2.5, comprises concrete filter-press units with graphite rods embedded and 
extending into the anode compartment, and the cathode screen on the other side. 

An improved bipolar design of Dow is described in U.S. patent 2,282,058 (1942) 
by Hunter-Otis and Blue, where a graphite dividing wall was cast into the concrete 
filter-press frame with graphite anodes projecting vertically from the backing plate. The 
cathode fingers were made of steel wire screen wrapped with asbestos paper and fastened 
to a screen backing plate of the adjacent unit cell. Lucas and Armstrong [31] made 
additional improvements to this cell by using bipolar units, which slip into grooves in a 
cell box, which eliminated the sealing problems. The cathode fingers of steel wire screen 
and graphite anodes project vertically from a steel base plate, thereby constituting an 
integral electrode unit. Figures 2.8 and 2.9 describe the cell designs of Hunter-Otis and 
Blue, and of Lucas and Armstrong. These cells have been modernized with metal anodes 
and modified diaphragms in recent years. 

PPG and DeNora jointly developed a bipolar filter-press diaphragm cell called the 
Glanor® electrolyzer [32]. The central design feature is the bipolar electrode where one 
side acts as an anode and the other as a cathode. The electrode consists of a steel plate 
to which anode fingers are connected on one side and cathode fingers on the other. 

The electrode is set into a bipolar element, which consists of a channel frame 
surrounding the anodes, lined with titanium for protection against corrosion in the anolyte 
environment. The elements, with the anode side of one facing the cathode side of another, 
thereby forming a cell, are clamped together with tie-rods. The resulting assemblage has 
the appearance of a plate and frame filter-press—a commonly used piece of equipment 
for filtration operations. Hence, the term “bipolar filter-press cell.” 

Bipolar ceil designs and their performance characteristics are discussed in Chapter 5. 



28 


CHAPTER 2 


Cathode Compartment 



0 



FIGURE 2.8. Dow filter-press cell of Hunter-Otis and Blue. A: basic cell configuration; B: horizontal cross- 
sectional view. 


2.2. MERCURY-CELL TECHNOLOGY 

An alternative method of producing chlorine and caustic soda involves the use of mercury 
cells, whose cathode reactions differ from those occurring in diaphragm cells. 
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FIGURE 2.9. Dow box cell of Lucas and Armstrong. A: Dow box cell; B: horizontal section of bipolar 
electrode. 

The mercury cell consists of two primary units—the electrolyzer and the decom¬ 
poser or denuder. The principal electrochemical reactions are as follows: 

In the electrolyzer: 

At the anode: 2Cr ^ CI 2 + 2e 

At the cathode: 2Na“^ + 2Hg + 2e -> 2Na—Hg 

Overall reaction: 2NaCl + 2Hg 2Na—Hg + CI 2 
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In the decomposer: 

At the anode: 2Na—Hg 2Na''' + 2Hg + 2e 

At the cathode: 2 H 2 O + 2e ^ 20H“ + H 2 

Overall reaction: 2Na-Hg + 2H20 ^ 2NaOH + H 2 + 2Hg 

The overall process involves a flow of purified, saturated brine through an elongated, 
slightly inclined trough between a shallow cocurrent stream of mercury and an assembly 
of electrodes (graphite or metal), the lower surfaces of which are close to the mercury 
surface and parallel to it. The cell trough is provided with a gas-tight cover, which also 
serves to support the anodes. During electrolysis, chlorine is liberated at the anodes, 
while the sodium ions are discharged at the surface of the mercury cathode to form a low 
concentration sodium amalgam (0.10-0.30% sodium by weight). Thus, the sodium ions 
are almost entirely prevented from reacting with the aqueous electrolyte to form caustic 
soda, or with dissolved chlorine to re-form sodium chloride. The amalgam reacts with 
water in the decomposer to form pure concentrated caustic. 

The mercury-cell process for producing chlorine and caustic was developed by 
Hamilton Y. Castner, an American, and Karl Kellner, an Austrian, in 1892, although 
the first patent dealing with mercury cell was British patent 4349, issued in 1882, to 
Nolf. Following patent disputes, Castner and Kellner combined their efforts and sold 
their combined patent rights to Solvay et Cie. The first mercury cell of Castner consisted 
of a stationary, thick cast-iron base in which cylinders were bored for the ram pumps 
employed to circulate the amalgam. There were two anode compartments for electrolysis 
and an intermediate compartment for amalgam decomposition to generate caustic. This 
cell suffered from seizure of the ram pumps, as a result of the growth of caustic soda 
deposits. Castner overcame the problem of pumping mercury by using a rocking cell 
(Fig. 2.10), which was built in 1894 in England. A similar plant was built in 1895 in 


Hydrogen 
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FIGURE 2.10. Schematic of original mercury cell. 
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Saltville, VA, and the Mathieson Alkali Company adopted this process in 1897. The 
Castner-Kellner Alkali Company started production in Weston Point, Runcorn, in 1897, 
and the Mathieson Alkali works began production in the same year at Niagara Falls. 

The success of the latter venture was evidenced by the fact that the capacity of 
the plant was greatly enlarged, and except for minor changes, the old Castner “rocking 
cells” were in continuous operation from 1897 to 1960 [33]. They were finally replaced 
by lOOkA Olin Mathieson cells. 

Parallel to this development in the United States, Brichaux and W. Wilsing of Solvay 
built the first “long” cell, in Germany, in 1898. This cell had the modem characteristics 
of forced mercury circulation. 

With the growth of synthetic fibers, such as rayon, a tremendous demand for very 
pure (salt free) caustic soda developed. A significant number of mercury-cell plants were 
built in the years around World War II. 

Cell capacities increased progressively after 1945, from about 10 kA to 200-300 kA. 
Suppliers of this technology include De Nora, Hoechst-Uhde, Krebs, Krebskosmo, 
BASF, Kureha, Olin-Mathieson, Solvay, Toyo Soda, and Asahi Glass. The increased 
capacity of the mercury cell depended on the use of efficient silicon rectifiers, which 
replaced the old mercury-arc rectifiers. The distinguishing differences in these mercury¬ 
cell technologies lie in several design factors which include the manner by which mercury 
is fed to the electrolyzer (e.g., gravity flow vs forced flow), decomposer design, support 
structure for the anodes and the cathodes, types of cell cover, and mercury inventory 
requirements, the main motivation being improved economics. These technologies are 
outlined in Chapter 5. 

The primary cell technology used for producing chlorine and caustic, in the world 
and in United States, is the diaphragm-cell process, which had a 37% share of world 
chlorine production. In the United States, the diaphragm cell contributed 67% of chlorine 
production [34]. The mercury-cell technology had a dominating share initially. However, 
following the mercury poisoning cases in Minamata and Niigata, both in Japan, in 1972, 
there has been a declining trend away from this technology for chlorine production. Japan 
was the first country to change from mercury-cell technology, and currently there is no 
mercury-cell operation in Japan. In Western Europe, mercury-cell technology is more 
widely practiced. The mercury-cell technology still accounts for 18% share in 2001, in 
the world. Mercury cells generate 11 % of the chlorine produced in the United States. 
This situation is unlikely to dramatically change in the near future. The environmental 
issues and concerns related to the mercury-cell process are discussed in Chapter 16. 


2.3. MEMBRANE-CELL TECHNOLOGY 

An alternative to diaphragm and mercury cells is the membrane cell. Actually, the 
membrane cell is a modification of the diaphragm cell wherein the diaphragm is replaced 
with a permselective ion-exchange membrane. The membrane inhibits the passage of 
negative chloride ions but allows positive sodium ions to move through freely. 

In the membrane-cell process, sodium or potassium chloride brine is fed to the cell 
and distributed equally among the anode compartments, while water fed into a second 
header flows into the cathode compartments or into an externally recirculating stream 
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FIGURE 2.11. Schematic of ion-exchange membrane cell. (Reproduced with permission of the Society of 
Chemical Industry.) 


of catholyte. The electrode reactions are the same as in a diaphragm cell. The depleted 
brine, or anolyte, overflows with the chlorine gas into an anolyte header and the caustic 
soda liquor overflows with the hydrogen gas into a catholyte header. Figure 2.11 is a 
schematic diagram of the membrane-cell process. 

Several firms participated in the development of the membrane cell. Conceptual 
studies of permselective membranes began in the mid-1940s. W. Juda et al. of Ionics 
Corporation, and S.G. Osborne of Hooker Chemical hold early patents (1950s) on the 
membrane-cell process [35]. 

Diamond and Ionics mounted a joint effort to develop the membrane cell from the 
mid-1950s to the early 1960s [36]. This work demonstrated the feasibility of the concept, 
but serious problems developed, including erosion of carbon anodes, high cell voltage, 
and very short membrane life. The project was dormant for about 10 years. 

In the late 1960s, concern over environmental problems associated with mercury¬ 
cell plants initiated a revival of interest in the membrane-cell technology. Initial problems 
associated with membrane cells were steadily being alleviated in the early 1970s. The 
development of metal anodes negated problems associated with graphite anode erosion. 
As a spin-off of the space program, DuPont developed a perfluorinated ion-exchange 
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membrane while performing fuel cell research. This membrane was initially called “XR” 
and was later trademarked as “Nafion.’’ Nafion® membranes were found to have good 
ion-exchange properties as well as high resistance to the harsh environment of the chlor- 
alkali cell. 

After DuPont introduced Nafion® membranes. Diamond Shamrock intensified its 
research efforts in membrane-cell technology. Initial research tests with the membranes 
began in 1970 using laboratory cells. In 1972, a commercial-size electrolyzer and pilot 
plant were placed in operation in Painesville, Ohio. Four years later, a 20-ton per day 
demonstration plant was built in Muscle Shoals, Alabama. This unit was integrated with 
an existing mercury-cell plant. 

Diamond’s first commercial membrane cell was its “DM-14 Electrolyzer,” a mono- 
polar cell. A number of individual membranes are held between anode and cathode 
frames bolted together in a “filter-press” configuration. Each electrolyzer unit (anode, 
membrane, and cathode) has an active electrode area of 1.41 m^. A current density of 
3.1 kA/m^ produces 0.14 metric ton of caustic per unit per day. The number of unit cells 
bolted together determines the operating amperage of the electrolyzer, ranging from 5 kA 
to over 150 kA. Because of the monopolar arrangement of the cells, the voltage of the 
electrolyzer is independent of the number of membranes installed in the electrolyzer [36]. 
The DM-14 operated at 3.9 V at a current density of 3.1 kA/m^. 

Like Diamond, Hooker Chemicals demonstrated an interest in ion-exchange mem¬ 
branes since the mid- 1940s. S.G. Osborne etal. of Hooker Chemical Corporation hold the 
original patent for the first membrane cell [36]. This patent was filed on January 23,1952. 
With this patent. Hooker embarked upon a major development program until 1957. 
Following a period of relative inactivity, the Nafion® membrane rekindled interest in 
membrane-cell technology. 

Research during the early 1970s culminated in the licensing of the MX cell of 
Hooker Chemicals to Reed Paper Ltd., a firm that built a 45-ton per day membrane plant 
at Dryden, Ontario. Actually, these membrane cells replaced 13-year-old mercury cells 
that were being phased out because of growing concern over mercury pollution problems 
in Canada. The plant was brought on stream on November 19, 1975. 

Around the same period, Asahi Chemical started a pilot plant operation with ion- 
exchange membrane cells, using DuPont’s Nafion®. In 1975, a commercial plant was 
commissioned, producing about 10 tons of caustic/day, at Nobeoka in Japan. 

Since then, several membrane-cell technologies were developed in Japan, as a 
pollution-free chlor-alkali process. Japanese contributions include composite mem¬ 
branes and several electrolyzer designs. Japan was the first major chlorine produ¬ 
cing country to convert entirely to membrane cell technology. As of January 2003, 
'^35% of world production of chlorine is by membrane-cell technology, generating 
"^52,000 metric tons caustic/day. 

Many chlor-alkali producers and technology licensing companies have refined and 
optimized membrane cell designs to realize low energy consumption and long life. The 
new cell designs incorporated the zero-gap concept, which eliminated the electrolyte 
gap between the electrodes and the membrane. 

Two types of electrolyzers were developed, and are labeled monopolar or bipolar. In 
the monopolar type, all of the anode and the cathode elements are arranged electrically in 
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parallel, constituting an electrolyzer operating at high amperage and low voltage. In the 
bipolar type, the cathode of a cell is connected to the anode of an adjoining cell, so that 
the cells are in series and the resulting electrolyzer has low amperage and high voltage. 
The advantages and disadvantages associated with these electrolyzer configurations are 
addressed in Chapter 5. 

Membrane-cell technologies were developed for licensing by Asahi Chemical 
Industry, Asahi Glass, Chlorine Engineers, ICI, Lurgi, DeNora, Uhde, ELTECH, PPG, 
and Tokuyama Soda. Presently, there are only five major suppliers of cell technology 
and they are: Asahi Kasei Corporation (Asahi Chemical Industry), Chlorine Engin¬ 
eers, ELTECH Systems Corporation, INEOS Chlor (formerly ICI), and Uhde. Chlorine 
Engineers Corporation still makes available the technology of Asahi Glass, and Uhde 
and DeNora have combined their technical efforts. The performance characteristics and 
the distinguishing features in these cell technologies of the bipolar and monopolar type 
are discussed in Chapter 5. 

Another development worth noting was the diaphragm retrofit technology, where 
ion-exchange membranes replace the asbestos diaphragms in an existing cell. During the 
retrofitting operation, the membranes are shaped and heat sealed to cover the electrodes, 
thereby replacing asbestos. Chlorine Engineers applied this approach to the DS cells and 
Kanegafuchi Chemical to H-series cells [37]. The diaphragm retrofit technology was 
proven by several companies, including Mitsui Chemical, Tokuyama Soda, and Toyo 
Soda [38,39]. 

The first membranes, made from the perfluorosulfonate polymer Nafion® [40-42], 
were practical only at low caustic concentrations, as the caustic efficiency decreased sig¬ 
nificantly at high caustic strengths. To overcome this problem, asymmetric membranes 
having sulfonic acid groups on the anode side and converted groups on the cathode 
side were developed. Later, a perfluorocarboxylate membrane, Flemion [43], which 
exhibited better resistance to caustic back-migration was produced. The low electrical 
resistivity of persulfonate-based membranes and the low caustic back-migration char¬ 
acteristics of perfluorocarboxylate membranes were coupled by converting the sulfonic 
acid groups of Nafion® to carboxylate groups on the cathode side to realize the beneficial 
properties of both the membrane types. Today’s membranes comprise a perfluorosulf¬ 
onate polymer layer, a PTFE reinforcing fabric and a perfluorocarboxylate polymer, 
all bonded together. The performance of these composite membranes is discussed in 
Section 4.8. 


2.4. CAUSTIC SODA 

In the early 1900s, caustic soda was manufactured by the lime-soda process 
(Section 2.4.1), even when caustic was available from the chlor-alkali electrolysis pro¬ 
cess, as there was not much demand for chlorine. During World War I, chlorine demand 
dramatically increased to provide chlorine for the production of various chemicals. 
This led to an increased share of the market for caustic from the electrolytic process. 
World War II had a similar effect. Nowadays, nearly all caustic soda is a coproduct of 
electrolytic chlorine. 
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2.4. L Lime Soda Process 

This process involves reaction of lime with sodium carbonate as follows: 

Ca(OH)2 + Na2C03 ^ CaC03+2Na0H 

Calcium carbonate precipitates from the calcium hydroxide solution, as it has a 
lower solubility than that of calcium hydroxide. The optimum reaction temperature is 
80 to 90"^C. The calcium carbonate is settled, and the overflow is a weak caustic soda, 
which is concentrated by evaporation. 


2.4.2. Electrolytic Process 

Caustic soda is produced as a coproduct of chlorine in the sodium chloride brine 
electrolytic process employing diaphragm cells, mercury cells, and membrane cells. 

The diaphragm cell produces caustic soda containing 11% caustic soda and 15% 
salt, with a low concentration of sodium chlorate. This solution, called cell liquor, 
is evaporated to produce 50% caustic soda. During evaporation, salt crystallizes as the 
caustic concentration increases. About 1 % salt is present in the 50% caustic soda solution. 

The mercury cell produces 50% caustic, and it can also produce up to 70% caustic 
soda. This is a highly pure caustic with a few ppm of salt and less than 5 ppm of sodium 
chlorate. However, it carries trace amounts of mercury, and hence, many customers do 
not accept the caustic soda from mercury cells. 

The membrane cell produces about 35% caustic soda, which is concentrated by 
evaporation to 50%. Membrane cell caustic soda is the preferred product compared to 
the diaphragm and mercury-cell caustic soda. 


2.5. FUTURE DEVELOPMENTS 

Significant studies were made in the chlor-alkali technologies during the last century to 
economically and optimally produce chlorine and caustic soda in an environmentally safe 
manner, complying with all government regulations. The energy consumed has decreased 
from about 4,000 AC kWh/ton of caustic in the 1950s to about 2,500 AC kWh during 1998 
with the advent of the dimensionally stable anodes and optimal cell design/operation. 
Additional improvements such as the incorporation of fuel cell concepts and electrocata¬ 
lyst development, will further reduce the energy consumption and hence, the cost for 
producing chlorine and caustic. 
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3 

Overview of the Chlor-Alkali 
Industry 


3.1. INTRODUCTION 

The world production capacity of chlorine reached 53 million tons in 2002 from 
approximately 22 million tons in 1970 [1-7] and is expected to increase to 65 million 
tons by the year 2015 [8]. In this chapter, the major manufacturing processes and the 
factors affecting the growth pattern of the chlor-alkali industry are presented. 

Chlorine is sold as a gas or a liquid, and caustic soda is sold as 50% or 73% 
solution, or as anhydrous beads or flakes. There is also a significant market for caustic 
soda in the concentration range of 10-25%. The caustic soda product is designated 
by the manufacturing technology used, namely mercury, diaphragm, or membrane 
cells. More than 95% of the chlorine and 99.5% of the caustic in the world are 
produced by these cell technologies. About 0.5% of caustic soda is made chem¬ 
ically from soda ash, and KOH accounts for 2.5% of the caustic produced in the 
world. 

An overview of the three chlor-alkali technologies is presented in this chapter, and 
the process details are addressed in Volumes II and III. The terminology and the overall 
processes discussed in this chapter should enable the reader to relate the process steps to 
the electrochemical and chemical engineering principles discussed in Chapters 4 and 10. 


3.2. OVERALL PROCESS 
3.2.7. Electrolyzers 

As stated in Chapter 2, chlorine and caustic soda are produced by the electrolysis of 
sodium chloride solutions. The electrical energy required to operate the electrolytic cells 
constitutes a major portion of the operating cost in producing chlorine. The current 
efficiency of the electrolyzers can be as high as 98% or as low as 85%, depending on the 
technology used, the operation of the electrolyzers, and the purity of the brine used in 
the process. Schematics of the cell technologies are shown in Fig. 3.1. 
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3,2JJ. Mercury Cells. The mercury cell has a steel bottom with rubber-coated steel 
sides, as well as the boxes for brine and mercury feed and exit streams, with a flexible 
rubber or rubber-lined steel cover. Horizontal, adjustable metal anodes hang from the 
top, and mercury flows on the inclined bottom. The current flows from the steel bottom 
to the flowing mercury. 
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Saturated brine fed from the end box is electrolyzed at the anode to produce chlorine, 
and the depleted brine flows from the top portion of the trough. The cation, be it sodium or 
potassium, reacts with the mercury to form an amalgam, which flows out of the end box 
to a vertical cylindrical tank. Approximately 0,10-0.30% sodium or potassium amalgam 
is produced in the cell. The amalgam reacts with water in the decomposer, packed with 
graphite particles, and produces caustic soda or potash and hydrogen. Hydrogen saturated 
with water vapor exits from the top, along with the mercury vapors. The concentration 
out of the decomposer is either 48-50 wt% caustic soda or 45-50 wt% caustic potash. 
The depleted brine flows out of the exit end box. Some cells are designed with chlorine 
and anolyte outlets from the end box, which are separated in the depleted brine tank. 
The mercury from the decomposer is pumped back to the cell. 


5.2.7.2. Diaphragm Cells. The diaphragm cell is a rectangular box with metal anodes 
supported from the bottom with copper base plates. The cathodes are vertical screens 
or punched plates connected from one end to the other end of the rectangular tank. The 
cathodes are vacuum-deposited with asbestos dispersed as a slurry in a bath. Saturated 
brine enters the anode compartment, and the chlorine gas is liberated at the anode during 
electrolysis. The chlorine gas is saturated with water vapor at the vapor pressure of 
the anolyte. The sodium ion from the anode compartment is transported to the cathode 
compartment, where it combines with the hydroxyl ion generated at the cathode during 
the formation of hydrogen from the water molecules to form caustic soda. The diaphragm 
resists the back migration of the hydroxyl ions, which would otherwise react with the 
chlorine in the anode compartment. The concentrations are about 12% NaOH and 14% 
NaCl in the cathode compartment. There is also some sodium chlorate formed in the 
anolyte compartment, dependent upon the pH of the anolyte. There are non-asbestos 
separators that have been commercially proven, and a number of asbestos-based cell 
circuits have been converted to these non-asbestos diaphragms. 


3.2.1.3. Membrane Cells. In a membrane cell, an ion-exchange membrane separates 
the anode and cathode compartments. The separator is generally a bilayer mem¬ 
brane made of perfluorocarboxylic and perfluorosulfonic acid-based films, sandwiched 
between the anode and the cathode. The saturated brine is fed to the anolyte com¬ 
partment where chlorine is liberated at the anode, and the sodium ion migrates to 
the cathode compartment. In contrast to the diaphragm cells, only sodium ions and 
water molecules are transported across the membrane. The unreacted NaCl and other 
inert species remain in the anolyte compartment. About 30-32% caustic soda is 
fed to the catholyte compartment, where sodium ions combine with hydroxyl ions 
produced during the course of the H2 evolution from the water molecules. This 
forms caustic, which increases the concentration to 32-35%. The hydrogen gas, 
saturated with water, exits from the catholyte. Part of the caustic soda product is 
withdrawn from the catholyte compartment and the remaining caustic is diluted and 
returned. 

Thus, all three basic cell technologies for producing chlorine generate chlorine at 
the anode, and hydrogen along with NaOH or KOH at the cathode. The distinguishing 
difference lies in the manner in which the anolyte and the catholyte are prevented from 
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Chlorine Storage Tank 

FIGURE 3.2. Process scheme for producing chlorine from cell gas. 


mixing with each other. Separation is achieved in a diaphragm cell by a porous separator 
and in a membrane cell by an ion-exchange membrane. In mercury cells, the cathode 
itself acts as a separator by forming sodium amalgam, which is subsequently reacted 
with water to form sodium hydroxide. 


5.2.2. Chlorine Processing 

The chlorine gas contains moisture, byproduct oxygen, and some hydrogen. In addition, 
it also contains carbon dioxide and some oxygen and nitrogen from the air leakage via 
the process or pipelines. A simple schematic of the process to produce either dry chlorine 
or liquid chlorine from the cell gas is shown in Fig. 3.2. 

Chlorine is first cooled and passed through demisters to remove the water droplets 
and the particulates of salt. The cooled gas goes to sulfuric acid circulating towers, which 
are operated in series. Commonly, three towers are used for the removal of moisture. 
This stream often goes through dry demisters and then to compressors. The compressed 
gas is then liquefied at a low temperature. The noncondensed gas, called snift gas, is used 
for producing hypochlorite or hydrochloric acid. If there is no market for hydrochloric 
acid, the snift gas is neutralized with caustic soda or lime to form hypochlorite. The 
hypochlorite is either sold as bleach or decomposed to form salt and oxygen. 


5.2.5. Hydrogen Processing 

The processing steps involved in treating the hydrogen from the electrolytic cells are 
shown in Fig. 3.3. 








OVERVIEW OF THE CHLOR-ALKALI INDUSTRY 


41 




Hydrogen 

to 

Users 


Hydrogen 

Aftercooler 


Hydrogen Cooler 




Hydrogen 

Compressor 


FIGURE 3.3. Process scheme for treating hydrogen from the electrolytic cells. 


The hydrogen gas from the chlor-alkali cells is normally used for the production 
of hydrochloric acid, or used as a fuel to produce steam. Hydrogen from the mercury 
cell is first cooled, and the condensed mercury is then returned to the cells. Usually, 
a secondary treatment is used to remove the trace levels of mercury in the hydrogen. 
The gas is then compressed. If there is a customer available in need of pure hydro¬ 
gen containing low amounts of oxygen, some plants heat the hydrogen over a platinum 
catalyst to remove oxygen, cool and compress the diaphragm and membrane cell hydro¬ 
gen, and then supply it to the customer. The heat value in the hydrogen cell gas can 
be recovered by cross-exchanging the hydrogen vapor with the brine that is fed to 
the cells. 


3.2A. Caustic Soda Process 

Caustic soda is marketed as 50% and 73% solution and as anhydrous beads and flakes. 
Mercury cells can produce 50% and 70% caustic directly. This is a high-purity caustic 
compared with the membrane- or diaphragm-cell caustic. The caustic from the decom¬ 
poser is cooled and passed once or twice through an activated carbon filter. After filtration, 
the mercury concentration is lowered to ppm levels. This is still unacceptable to some 
customers, who have switched to using membrane grade caustic soda. The mercury cell 
caustic soda has a few ppm salt and <5 ppm sodium chlorate. If trace concentrations of 
mercury are tolerable in the end use of caustic, then the mercury cell caustic will be the 
highest purity caustic that can be made electrolytically. 

The membrane-cell caustic is concentrated in an evaporator, following the scheme 
in Fig. 3.4. The multiple-effect evaporator yields a high steam economy. The 50% caustic 
from the membrane cell generally has 30 ppm salt and 5-10 ppm sodium chlorate. 

The catholyte from the diaphragm cells contains 12% caustic, 0.25-0.3% sodium 
sulfate, and 0.15-0.2% sodium chlorate. The catholyte is evaporated, as shown in Fig. 3,5. 
When the caustic concentration reaches 50%, most of the salt separates and about 1% 
salt remains in the solution. The 50% caustic also has a high chlorate concentration 
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Pump 

FIGURE 3.4. Process scheme for concentrating membrane-cell caustic. 


compared with the product of membrane and mercury cells. The salt separated from the 
caustic during evaporation is used to resaturate the brine fed to the cells. 

The 73% caustic is made by feeding steam instead of water to the decomposer, 
and also by evaporation of 50% caustic. Anhydrous caustic is produced in a rising film 
evaporator, operating at 385°C under vacuum. 

Caustic from the mercury-cell process is called Rayon-grade caustic. Rayon-grade 
caustic and membrane-grade caustic are referred to as “low salt” caustic soda, which is 
a premium product. 
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FIGURE 3.5. Process scheme for concentrating diaphragm-cell caustic. 


3.2.5, Brine Process 

Sodium chloride is available in the form of solid salt, mined by excavation or produced 
by evaporating seawater. It is also available as an aqueous solution from solution mining. 
The salt has varying concentrations of impurities, which should be removed to operate 
the electrolytic cells at a high current efficiency. The major impurities are calcium, 
magnesium, and sulfates. Minor impurities, which are undesirable depending upon the 
type of chlor-alkali process selected, are barium, strontium, manganese, aluminum, 
silica, iron, vanadium, chromium, molybdenum, titanium, etc. The brine processing 
steps are shown in Figs. 3.6-3.8. 
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FIGURE 3.6. Brine processing scheme for membrane-cell operations. 
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FIGURE 3.7. Brine processing scheme for diaphragm-cell operations. 
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FIGURE 3.8. Brine processing scheme for mercury-cell operations. 


Brine is treated in a reactor with sodium carbonate and caustic soda to precipitate 
calcium carbonate and magnesium hydroxide, as shown in Eqs. (1) and (2). 

Ca2 ++Na 2C03 ^ CaCOs + 2Na+ (1) 

Mg2++2NaOH Mg(OH)2 + 2Na+ (2) 

These precipitates are settled and removed as a slurry, which is pumped to a fil¬ 
ter to remove it as sludge. Sometimes, it is disposed of, along with the rest of the 
liquid effluent, from the plant. The calcium carbonate precipitate is heavy and car¬ 
ries the hydroxides of aluminum, magnesium, strontium, etc., with it. The overflow 
from the settler, which carries 10-50 ppm of suspended solids, is filtered. For the 
mercury and the diaphragm cell process, this brine is adequate and can be fed to the 
electrolyzers. In the case of the diaphragm cell process, the filtered brine is heated 
and passed through a bed of salt in a saturator in order to increase the salt concentra¬ 
tion before feeding it to the electrolyzers. In some plants, the feed brine is acidified to 
improve the cell current efficiency. The acidification reduces the alkalinity, which would 
otherwise react with the chlorine in the anolyte compartment, forming hypochlorite and 
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chlorate. In the case of the mercury cell process, the brine is acidified and fed directly to 
the cells. 

In the membrane cell process, the brine specifications are more stringent than in 
the mercury and diaphragm processes, and this calls for impurities to be at the ppb level. 
Filtering the brine in a precoat-type secondary filter, and then using an ion-exchange 
resin to remove the calcium, magnesium, barium, and iron impurities, accomplishes 
this. It is also possible to remove aluminum by ion exchange. Aluminum and silica 
can also be removed by adding magnesium chloride in the brine exiting from the salt 
dissolver. 

The depleted brine from the membrane and mercury cell processes carries dissolved 
chlorine. This brine is acidified to reduce the chlorine solubility, and then dechlorinated 
in a vacuum brine dechlorinator. The dechlorinated brine is returned to the brine wells 
for solution mining, or to the salt dissolver. If the membrane and diaphragm processes 
coexist at a given location, the dechlorinated brine is sent for re-saturation before being 
fed to the diaphragm cells. 


3.3. GROWTH OF THE CHLOR-ALKALI INDUSTRY 

The chlor-alkali industry is a commodity chemical business involving CI 2 and NaOH 
consumption in a wide variety of products that are used in daily life. The growth of 
the chlor-alkali industry has been primarily dictated by market demand, environmental 
concerns and constraints, and energy prices, and will continue to be governed by these 
factors in the future. These issues are intertwined making it difficult to understand the 
growth of the industry in the past, as well as to forecast the future in a simple manner. 
An overall perspective of the industry is presented in this section, by outlining the global 
growth, end uses and environmental considerations that have influenced the growth of 
the industry [2-7,9,10]. 


1993 Capacity = 45.6 


2001 Capacity = 53 




FIGURE 3.9. World capacity for chlorine (in MM tons/year) listed by cell technologies (plotted from the data 
in [1,2,4,6]). 
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3J.L World 

As noted earlier, chlorine and caustic are produced electrolytically using mercury, 
diaphragm, and membrane technologies. While diaphragm-cell technology continues 
to be important in the industry, mercury-cell technology is slowly declining and is being 
replaced by membrane-cell technology. This is due to lower operating costs and the 
absence of any environmental issues, like those associated with mercury and asbes¬ 
tos. Figure 3.9 depicts the distribution of the individual cell technologies [1,2]. The 
market share of the cell technologies in individual regions in the world is shown in 
Fig. 3.10 [5]. It is interesting to note that in the year 2001, 11% of the capacity in 
North America and approximately 18% in the world, was based on mercury cells. These 
plants will continue to operate as long as the economics are favorable and the opera¬ 
tions are not constrained by local government regulations. Operation of the diaphragm 
cells in the United States and in the world will be dictated by economics and profit 
margins. 

The world capacity for chlorine from the year 1970, depicted in Fig. 3.11, grew 
from 22 MM tons per year to 53 MM tons per year in 2002 [6,7,9,10]. Of the world 
chlorine capacity, 26% was installed in the United States, while 22% was installed in 
Western Europe, 10% in Japan, 13% in China, and 6% in Eastern Europe. 

The great disadvantage of electrolysis to the global economy is the fixed ratio 
of production of the major products. Thus, 1.13 tons of NaOH or 1.58 tons of KOH 
accompany production of 1 ton of chlorine. The former combination, for convenience, 
is often referred to as an “electrochemical unit” or ecu. 

Since markets do not consider the laws of stoichiometry, the electrolytic chlor- 
alkali industry is in a state of perpetual imbalance. Nearly always, either chlorine or 
caustic soda is in long supply, while there is a shortage of the other. This situation is 
reflected in spot market prices, which can fluctuate wildly over short periods, usually in 
opposite directions for the two products. The combined price of an ecu is less volatile, 
and “ecu customers” who take nearly equivalent amounts of chlorine and caustic soda are 
a stabilizing influence in the industry. KOH, as a relatively minor product, is somewhat 
immune to these problems. Total KOH production is free to respond to market pressures; 
the amount of chlorine produced along with KOH is a small part of the total and not 
a large factor in the market. The KOH producer who is also a chlorine merchant, however, 
is still subject to the fluctuating market prices of chlorine. 

In the early days of the electrolytic process, the demand for NaOH was much greater 
than that for chlorine. Chemical production of NaOH was necessary to fill the market. 
With the great surge in petrochemical and synthetic organic chemical production that 
followed World War II, the demand for chlorine grew very rapidly and began to outstrip 
the demand for caustic soda. In the years from 1945 to 1970, for example, chlorine 
production increased more than 10-fold. Even with the virtual abandonment of chemical 
caustic, shortages in chlorine supply became frequent. Replacement of soda ash in some 
of its traditional applications with caustic soda increased the consumption of caustic and 
allowed more production of chlorine. Still, shortages persisted and the trend seemed to 
indicate development of a chronic shortage in chlorine. This increased interest in the 
manufacture of chlorine without caustic as a coproduct. Section 15.2 covers some of the 
available processes. 
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HGURE 3,10. Cell technology distribution in the various regions in the world in 2001. 



FIGURE 3.11. Growth of chlorine in the world and in various regions of the world (plotted from the data in 
[2,7,9]). 

More recently, environmental problems have caused certain applications of chlorine 
to be phased out. Imagined problems have foreclosed its use in other applications. The 
use of chlorine in the pulp and paper industry and in the production of solvents, which 
constitute 12% of the total chlorine demand, has declined because of: (1) the “cluster” 
rules in the pulp and paper industry mandating chlorine-free bleaching, and (2) the 
Montreal Protocol, calling for elimination or the reduced production of chlorinated 
solvents. 
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TABLES.!. World Chlorine Demand 


(-000- Metric tons) 

AAGR% 



1995 

2000 

2005 

2010 

2000-2010 

Chlorinated intermediates 3,131 

3,155 

3,215 

3,353 

0.6 

Vinyls 

12,074 

14,832 

15,824 

18,446 

2.4 

Organics 

6,678 

8,492 

9,609 

10,945 

2.9 

Pulp & paper 

3,024 

2,352 

1,753 

1,696 

-2.8 

Water treatment 

1,962 

2,455 

2,836 

3,283 

3.4 

Inorganics 

813 

1,027 

1,045 

1,055 

0.3 

Others 

11,133 

12,600 

14,566 

16,134 

2.8 

Total demand 

38,815 

44,913 

48,848 

54,912 

2.2 


Note'. AAGR: Average aggregate growth rate. 

Organics include propylene oxide, epichlorohydrin, and the phosgene based chemicals, TDI, 
MDl, and polycarbonates. 

Inorganics include titanium dioxide, bromine. 

Others include water treatment chemicals, agricultural chemicals, HCl, bleach, and other 
miscellaneous chlorine end-uses. 

(With permission from Chemical Marketing Associates, Inc.) 


The reverse trend in product utilization seemed to have arrived, and several plants 
for the chemical production of caustic soda were built in conjunction with the Wyoming 
trona deposits. With that, the market for certain chlorine derivatives, most notably 
polyvinyl chloride (PVC), began to increase more rapidly. With the increased availability 
of electrolytic caustic soda, some of the new caustic capacity was temporarily shut down. 

Recent years have seen a precarious and shifting balance between the chlorine and 
caustic soda markets. While caustic soda has retained its extraordinarily wide range of 
applications, the uses of chlorine have become more and more concentrated in certain 
products. PVC now consumes approximately 40% of the total production of chlorine 
and has continued to grow in importance. We should note that there is a proliferation of 
HCl usage in the production of EDC and VCM by oxychlorination. This has impacted 
the industry both by reducing the chlorine demand and by providing an outlet for HCl 
byproduct. 

In recent years, the demand for chlorine has been relatively good, and the total 
demand over the period 1993-2003 has tracked the world gross domestic product (GDP) 
index (Fig. 3.12). An annual growth of 3% for CI 2 resulted from increases [4] in most 
of its uses (Fig. 3.13). The growth of the chlor-alkali industry in the United States and 
the world is shown in Fig. 3.14. The overall supply/demand scenario is depicted in 
Fig. 3.15. Table 3.1 shows the growth rate of chlorine market segments during the period 
2000-2010 [11]. The chlorine demand is projected to increase to 55 million tons per 
year by 2010 [6], with most of the increase occuring in Asia. 

The world demand for caustic soda is shown in Fig. 3.16, along with its growth 
in various countries. Table 3.2 depicts the caustic demand during the period 1995- 
2010 [6]. Its use in the manufacture of various segments is illustrated in Fig. 3.17. The 
global caustic demand is projected to increase by 2.3% per year through the year 2010, 
primarily because of its demand in the production of alumina, soaps, detergents and 
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textiles, organic chemicals, and water treatment. Figure 3.18 depicts the capacity-demand 
profile for caustic through 2003. 

The major chlorine-producing regions in the world are North America, Western 
Europe, and China, constituting 61% of the total capacity in 2001 [2]. About 6% of the 
total production is from Eastern Europe, 10% from Japan, and 14% from Asia, excluding 



Year 


FIGURE 3.12. Variation of the growth profile of the chlorine industry with the gross domestic product [1]. 
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FIGURE 3.13. World chlorine demand [4]. The number next to the group of chemicals noted below the figure 
refers to the average aggregate growth rate in %. 
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China. In 2002, more than 500 companies produced chlorine and caustic at over 650 
sites located throughout the world. Approximately half of the plants, generally small, 
are located in Asia. A total of eleven producers account for 40% of the total capacity, 
the six leading companies being Dow Chemical, Occidental Chemical, PPG Industries, 
Formosa Plastics, Solvay, and Bayer. The growth of the chlor-alkali industry, in major 
chlorine-producing regions in the world, is discussed in the following sections. 
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FIGURE 3.14. Historical growth profile of the chlorine industry (plotted from the data in [2,7,9]). 
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FIGURE 3.15. Demand, capacity, and operating rates for chlorine in the world [6]. 
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FIGURE 3.16. Growth of caustic soda in the world and in other regions of the world (plotted from the data in 
[2,7,9]). 


TABLE 3.2. World Caustic Soda Demand 



1995 

(-000- Metric tons) 

2000 2005 

2010 

AAGR% 

2000-2010 

Pulp & paper 

7,800 

8,179 

8,262 

8,868 

0.8 

Alumina 

3,337 

4,045 

4,536 

5,274 

3.0 

Soaps/detergents/textiles 

5,163 

5,807 

6,572 

7,673 

3.2 

Organics 

7,027 

8,479 

9,216 

10,278 

2.1 

Inorganics 

6,347 

6,945 

7,357 

8,022 

1.6 

Water treatment 

1,945 

2,155 

2,431 

2,864 

3.3 

Others 

8,836 

11,686 

12,862 

14,972 

2.8 

Total demand 

40,455 

47,296 

51,236 

57,951 

2.3 


Note: Organics include TDI, MDI, polycarbonate and other organic chemicals such as 
synthetic glycerin, sodium formate. 

Inorganics include titanium dioxide and other inorganic chemicals such as sodium silicate and 
sodium cyanide. 

Others include agricultural chemicals, swing demand from other alkali sources, monosodium 
glutamate. 

(With permission from Chemical Marketing Associates, Inc.) 


3.3.2. United States 

3.3.2.1. Chlorine. Figure 3.19 shows the production and capacity profile for chlorine 
since the 1930s and Fig. 3.14 shows the growth rate pattern during these years. The 
chlor-alkali industry enjoyed strong growth during the 1950s and 1960s, the demand for 
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FIGURE 3.17. World caustic demand [4]. The number next to the group of chemicals noted below the figure 
refers to the average aggregate growth rate in %. 
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FIGURE 3.18. Demand, capacity, and operating rates for caustic soda in the world [6]. 


chlorine growing at a rate of 8% per year and the plants operating at greater than 90% 
capacity. 

The growth during the 1950s and 1960s was led by chlorinated derivatives and inter¬ 
mediates such as chlorinated pesticides (e.g., DDT), used in agriculture, and chlorinated 
solvents, mainly chlorinated ethanes, which replaced flammable hydrocarbons in many 
cleaning and degreasing applications. Use of chlorinated methanes, as intermediates, 
increased in the manufacture of organo-silicones, tetramethyl lead gasoline additives. 
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FIGURE 3.19. Historical chlorine capacity and production profile in the US (plotted from the data in [2,7,9]). 

and fluorocarbons used in aerosol propellants and refrigerants. PVC plastics, ethylene 
oxide, and propylene oxide (PO), made by processes using chlorinated intermediates, 
grew 14% per year. In the 1970s, chlorine growth slowed down to 2% per year because 
of environmental concerns that brought about restrictions for the uses of solvents and 
pesticides such as DDT, kepone, dieldrin, and endrin. The carcinogenic characteristics 
of trichloroethylene, polychlorinated biphenyls (PCBs), and similar compounds also 
contributed to the decline in growth rate. In 1978, the use of fluorocarbon propellants for 
aerosols was banned by the Environmental Protection Agency (EPA) because of fears 
related to the depletion of the ozone in the upper atmosphere. The passage of clean 
water legislation also had an adverse impact on a variety of end uses. As a result, the 
paper industry implemented changes in bleaching technologies by increasing the use of 
CIO 2 , O 2 , and H 2 O 2 as replacements for chlorine bleaching. During this period, many 
chemical processes using chlorine, particularly ethylene oxide and PO production, were 
converted to non-chlorine consuming processes [12,13]. 

Ethylene oxide was conventionally prepared by reacting CI 2 , ethylene, and water 
to produce chlorohydrin, which is further treated with caustic to generate the oxide. 
This process was superseded by the direct oxidation of ethylene in the presence of silver 
catalysts with air or oxygen. The isobutane process displaced the route from propylene 
chlorohydrin to produce PO. Another significant loss was the conversion of DuPont’s 
hexamethylene diamine process from butadiene to a non-chlorine-based technology. All 
these changes led to a loss of 140000 tons of market demand for chlorine. 

The chlor-alkali producers, in spite of these environmental concerns, continued to 
project a growth of 4-6% per year because of the anticipated chlorine demand from 
exports, particularly the Far East. An additional capacity 15000 tons day” ^ was added 
between 1975 and 1980 to meet this anticipated demand. 

Around the 1980s, environmental constraints impacted the downstream use of 
chlorine. Operating costs increased because of the energy crisis, which, in turn, increased 
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the cost of electricity. In addition, exports declined because of new ethylene dichloride 
plants coming on-stream overseas. As a result, demand declined, and the industry oper¬ 
ated at only 64% of its capacity. Overcapacity, slow growth, and high energy costs 
forced chlor-alkali producers to put a large number of production facilities, accounting 
for 1.2 MM tons, on standby. The restructuring that occurred in the industry resulted 
in an operating capacity of 12.8 MM tons/year at the end of 1986, operating at a 91% 
effective rate. 

In the late 1980s, the chlorine industry recovered from the decline in the consump¬ 
tion pattern experienced earlier and enjoyed banner years in 1987 and 1988. Annual 
increases of 4-5% resulted from a strong economy, which were manifested by the 
increased demand for PVC and pulp and paper products, as well as increased exports 
of chlorine derivatives through the 1990s. However, during the very late 1990s and the 
early 2000s, the economy took a downturn because of the financial crisis in Asia, This 
was compounded by the after-effects of the 9/11 incident and increased energy and fuel 
prices. As a result, the chlorine demand fell by an estimated 1.6 MM tons between 2000 
and 2003, and operating rates declined to approximately 86%. However, as the economy 
improves, increased chlorine consumption in seasonal demand segments such as water 
treatment, agricultural products, Ti 02 , etc., is expected to result in increased operating 
rates of about 96% over the years 2003-2013 [11,14]. 

In 2002, approximately 67% of the chlorine in the United Sates was produced 
using the diaphragm-cell technology, 20% by the membrane-cell technology, and 10% 
by the mercury-cell technology. Five companies—Dow Chemical, Occidental Chemical 
Corporation, PPG Industries, Olin Corporation, and Formosa Plastics Corporation— 
manufacture 79% of the chlorine. Twenty-eight percent of the total US chlorine 
production was by Dow Chemical, whereas twenty-two percent of the production was 
by Occidental Chemical. PPG, Olin, and Formosa Plastics produce 12%, 9%, and 7% 
of the chlorine production in the United States, respectively. 

The projections for increase in demand for chlorine during the years 1995-2010 
[6,11 ], vary from zero to 1.3% through 2010. The optimistic projections predict an overall 
increase in the growth of chlorine-based products, although some market segments, such 
as solvents and phosgene, are expected to decline. The zero growth scenario assumes 
declining demand for vinyls and water treatment [6], and is presented in Table 3.3. A 
brief discussion of the state of the various market segments is presented here [8,11]. 


3.3.2.1 A. Organic Chemicals, 

PVC: While the PVC market is expected to decline through 2010, growth is also fore¬ 
casted for the following: PO, used in making urethane foam; propylene glycol, used in 
producing unsaturated polyesters; pharmaceuticals and foods; isocyanates, used in the 
manufacture of products used in the construction and automobile industries; and epoxy 
resins, made by reacting bisphenol A with epichlorohydrin. 

Chlorinated Ethanes: The use of 1,1,1-trichloroethane (1,1,1-TCA) or methyl 
chloroform, used in metal cleaning, increased from 1970. However, its production has 
been phased out since 1996 because of its contribution to ozone depletion. The use of 
1,1,1-TCA in the production of HCFC-141b and -142b will also be phased out by the 



56 


CHAPTER 3 


year 2005, according to the Montreal Protocol. Perchloroethylene (PCE) and trichloro¬ 
ethylene (TCE) have been classified as hazardous air pollutants by the 1990 Clean Air 
Act Amendments. 

Chlorofluorocarbons: Approximately 46000 tons of chlorine were used in 1995 to pro¬ 
duce CFC-11 through CFC-13. All the CFCs were phased out in 1996, although small 
amounts are still used as polymer precursors, and in specialized applications. The HCFC 
category of alternate CFCs deplete the ozone layer to a much smaller degree than CFCs, 
and are transitional substitutes for CFCs until they are phased out between 2015 and 
2030. MFCs, containing no chlorine and made using TCE and PCE, are not subject to 
being phased out. 

HCFC-22 and HCFC-142b are used in the production of tetrafluoroethylene 
and vinylidene fluoride, respectively. They are used for producing fluoroplastics and 
fluoroelastomers and the use of chlorine in this market segment will continue to increase. 
Chlorinated Methanes: While methyl chloride, used mainly to make silicones, will grow 
marginally, the market for methylene chloride will decline because of environmental 
and occupational concerns calling for restricted emissions and limited use, and worker 
exposure. 

Polycarbonates, Vinylidene Chloride (VDC), and Synthetic Glycerin: Annual growth of 
polycarbonates is projected to be 6 . 0 % through the year 2006 [ 2 ], because of its use in 
glazing and sheet, and automotive and power tools. VDC is expected to grow 1.5% per 
year through 2006, because of its use in the production of household wraps (e.g., Saran 
Wrap), although there is some concern about the leaching of VCM into food following 
prolonged exposure. The growth of the synthetic glycerin market depends on the internal 
needs of Dow, the sole manufacturer of synthetic glycerin. 

Chlorobenzenes: Monochlorobenzene is an intermediate in the production of nitro- 
chlorobenzenes, which are precursors for rubber chemicals, antioxidants, dyes and 
pigments, and diphenyl ether, which is used in making heat transfer fluids. This market 
is projected to decline as the customers shift to alternative processes. 

Pesticides: A wide variety of pesticides, which include herbicides, insecticides, and 
fumigants, are made from methyl chloride, 1,1,1-TCA, chlorobenzenes, and PCI 3 . 


TABLE 3.3. United States Chlorine Demand 


(-000- Metric tons) 

AAGR% 



1995 

2000 

2005 

2010 

1995-2010 

Chlorinated intermediates 

1,187 

1,278 

1,187 

1,160 

-0.2 

Vinyls 

4,414 

4,997 

4,652 

4,340 

-0.1 

Organics 

2,420 

3,295 

3,162 

3,445 

2.8 

Pulp & paper 

750 

313 

82 

82 

-5.9 

Water treatment 

545 

583 

633 

691 

1.8 

Inorganics 

534 

654 

639 

640 

1.3 

Others 

2,275 

1,969 

1,637 

1,776 

-1.5 

Total demand 

12,125 

13,089 

11,992 

12,134 

0.0 


Source: With permission from Chemical Marketing Associates, Inc, 
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The use of chlorinated pesticides is expected to decline because of environmental 
concerns. The toxic effects associated with pentachlorophenol will impact its pro¬ 
duction and, in turn, the chlorine consumption in this market. The use of chlorine in 
producing chlorinated isocyanurates, chlorinated paraffins, and ethyleneamines is pro¬ 
jected to grow over the next several years. However, the market for cyanuric chloride 
is expected to decline as a result of the flat demand for its primary derivative, triazine 
herbicides. 


3.3.2.IB. Inorganic Chemicals. The major use of chlorine in inorganic chemical pro¬ 
duction is in the manufacture of Ti02, HCl, hypochlorites, phosphorous chloride, 
ferric chloride, and aluminum chloride. All these markets are growth areas with no 
environmental or safety-related problems facing them. The only segment that will be 
adversely affected is the ethylene dibromide market, which is used as a lead scavenger 
in leaded gasoline and as a fumigant. The phasing out of lead in gasoline will reduce 
the need for ethylene dibromide in antiknock mixes over the next several years. The 
elimination of ethylene dibromide as a fumigant, as well as methyl bromide, is expected. 


3.3.2.1C. Direct Application. The direct application market for chlorine has been in the 
pulp and paper industry and for water treatment, which has been under great scrutiny 
because of environmental concerns. Chlorine is used in the paper industry as a bleaching 
agent to produce clean, white, strong pulp, free of lignin, for making high-quality paper. 
This leads to the formation of various chlorinated species including dioxin, which is 
a carcinogen found in wastewater effluent. This has prompted legislation limiting the 
level of chlorinated organics in mill effluents. The pulp and paper industry has reduced 
contaminant levels by using other bleaching agents. These include chlorine dioxide, 
hydrogen peroxide, oxygen, ozone, and bio-bleaching enzymes, which, besides reducing 
pollution, increase the capacity of the mill to recover the extraction liquors. The elemental 
chlorine-free (ECF) process involves, at present, the use of chlorine dioxide, produced 
by the reduction of sodium chlorate. In contrast, the total chlorine-free bleaching (TCP) 
involves using a combination of ozone, hydrogen peroxide, and oxygen. The EPA’s 
cluster rules in 1998 allowed the substitution of chlorine dioxide for chlorine over TCP 
bleaching. 

The US pulp and paper mills have conformed to the ‘cluster rules’ that combine 
water and air quality regulations, which are based on the total conversion of pulping and 
bleaching mills to oxygen delignification, and the total chlorine dioxide substitution of 
chlorine. 

Water disinfection by chlorination has dramatically reduced the incidence of infec¬ 
tious diseases since the early part of the 20th century. However, during the chlorination 
process, trihalomethanes (THMs) are formed by the reaction of chlorine with the organics 
present in the water. In 1979, the US EPA adopted a THM regulation, setting the max¬ 
imum level of THM in drinking water. While this regulation is unlikely to affect the use 
of chlorine in water treatment, many options are being pursued to remove the THMs and 
their precursors. These methods are effective but expensive. Thus, the use of chlorine in 
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the pulp and paper industry and in water treatment will continue to decline through the 
year 2006 and probably beyond in the United States. 


5.5.2.2. Caustic. Caustic is used in manufacturing a wide variety of chemicals and end 
products. Table 3.4, depicting the US demand of caustic in 2000-2010, shows the caustic 
market growing by 0.3% through 2010 [6]. Figure 3.20 illustrates the various market 
segments utilizing caustic soda. 

Caustic soda is used in the manufacture of a large number of organic chemicals, 
for dehydrochlorination, acid neutralization, as a catalyst, and as a source of sodium. 
In inorganic chemical manufacture, caustic is mainly used to produce sodium-containing 


TABLE 3.4. United States Caustic Soda Demand 



(-000- Metric tons) 

1995 2000 2005 

2010 

AAGR% 

1995-2010 

Pulp & paper 

2,693 

2,707 

2,415 

2,480 

-0.5 

Alumina 

333 

339 

339 

343 

0.2 

Soaps/detergents/textiles 

1,140 

1,192 

1,210 

1,236 

0.6 

Organics 

2,236 

2,902 

2,871 

3,077 

2.5 

Inorganics 

2,352 

2,743 

2,827 

3,018 

1.9 

Water treatment 

250 

272 

286 

313 

1.7 

Others 

2,347 

2,018 

1,245 

1,403 

-2,7 

Total demand 

11,351 

12,173 

11,193 

11,870 

0.3 


Source: With permission from Chemical Marketing Associates, Inc. 
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FIGURE 3.20. End-use profile of caustic soda. 
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TABLE 3.5. Canadian Chlorine and Caustic Soda Demand 


(-000- Metric tons) 

II— AAGR% 



1995 

2000 

2005 

2010 

1995-2010 

A. Chlorine 

Chlorinated intermediates 

9 

0 

0 

0 

0.0 

Vinyls 

432 

438 

318 

396 

-0.6 

Pulp & paper 

134 

60 

26 

3 

-6.5 

Water treatment 

66 

73 

80 

88 

2.2 

Inorganics 

7 

8 

7 

7 

0.0 

Others 

129 

175 

203 

223 

4.9 

Total demand 

111 

754 

634 

717 

-0.5 

B. Caustic soda 

Pulp & paper 

801 

868 

864 

942 

1.2 

Alumina 

85 

99 

103 

105 

1.6 

Soaps/detergents/textiles 

93 

108 

121 

137 

3.2 

Organics 

55 

80 

95 

no 

6.7 

Inorganics 

73 

83 

92 

104 

2.8 

Water treatment 

50 

54 

58 

63 

1.7 

Others 

103 

74 

91 

101 

-0.1 

Total demand 

1,260 

1,366 

1,424 

1,562 

1.6 


Source: With permission from Chemical Marketing Associates, Inc. 


compounds. All these applications are expected to grow as the caustic consumption fol¬ 
lows the GDP, which is forecasted to increase through the year 2006. The only markets 
where its use is declining are the chloroprene market and the pulp and paper industry. 
Chloroprene is used to produce neoprene, which is used as an elastomer with excel¬ 
lent resistance to ozone, flame, and weathering. However, lower priced elastomers are 
expected to compete with neoprene. As a result, neoprene consumption is expected to 
decrease by 2.5% in the next 5 years. The pulp and paper industry consumes 20% of the 
caustic produced in the United States. The pulp production declined in the United States 
in 1998, due to lowered pulp exports and increased paper imports. The slight decline in 
caustic consumption in the pulp and paper industry is believed to be offset by the growth 
in organic chemicals, which will support a net increased demand for caustic. 


3,3,3. Chlor-Alkali Industry in Canada 

Canada produced 754,000 tons of chlorine in 2000 [6]. More than 50% of it was used to 
produce EDC, VCM, and PVC. While 27% of the chlorine was used in the pulp and paper 
industry in 1995, the Clean Water Law of that year required mills to reduce emissions 
of absorbable organic halogens (AOXs) by the end of 1999. In addition, the province of 
Ontario mandated phasing out of chlorinated organics by 2002. Substitution of CIO 2 for 
CI 2 in pulp bleaching decreased the demand for CI 2 in pulp manufacturing. This decline 
in the chlorine consumption in pulp mills offset the growth in EDC, the result being a 
decline in chlorine demand through the year 2010 [6]. Table 3.5 illustrates the chlorine 
and caustic demand through 2010. 
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Of the 1,366,000 tons of caustic consumed in 2000, more than 60% of it was 
used in the pulp and paper industry. This demand may decline when the industry starts 
implementing technologies that reduce the demand for caustic [2]. 

Diaphragm-cell technology contributes 62% of the total chlorine produced in 
Canada, while membrane- and mercury-cell technologies produce 36% and 2% chlor¬ 
ine, respectively. Dow Chemical Canada, Nexen Chemicals, PCI Chemicals Canada, 
and PPG Canada are the major producers of chlorine. 


33.4. Chlor-Alkali Industry in Mexico and Brazil 

In 2000, Mexico produced 340,000 tons of chlorine and Brazil produced 1,196,000 tons. 
Approximately 86% of the chlorine in Mexico was produced in diaphragm cells and 
about 7% in mercury cells, while 79% of the chlorine in Brazil was manufactured in 
diaphragm cells and 17% in mercury cells. 

About 28% of the chlorine consumed in Mexico was used for PVC production 
and 36% for manufacturing hydrochloric acid. Twenty-eight percent of the caustic was 
consumed for producing organic chemicals. The demand for chlorine and caustic was 
estimated to increase by about 2.5% per year through 2010 [6]. 

The major use of chlorine in Brazil was for PVC (38%) and PO (22%) production, 
while chemical manufacturing and the pulp and paper industry consumed 31% and 19% 
of caustic. The demand for chlorine and caustic is estimated to grow by 0.8% and 4.5%, 
respectively, by 2010 [6]. 

Tables 3.6 and 3.7 show the demand for chlorine and caustic in Mexico and Brazil 
through the year 2010. 


3.3.5. Chlor-Alkali Industry in Western Europe 

Western Europe, consisting of Austria, Belgium, Finland, France, Germany, Greece, 
Ireland, Italy, the Netherlands, Norway, Portugal, Spain, Sweden, Switzerland, and the 
United Kingdom, produced 23% of the world chlorine in 2002. The 10 largest chlor- 
alkali producers, accounting for 70% of the Western European chlorine capacity, are 
noted in Table 3.8. 

Approximately 54% of the chlorine in Western Europe was manufactured using 
mercury-cell technology, while the diaphragm-cell process contributes 23% of the total 
capacity in year 2000. Both these technologies will be gradually changed to membrane¬ 
cell technology. All the mercury-cell plants in Western Europe have complied with 
the Paris Marine Commission’s (PARCOM) mandated limit on mercury emissions 
(2g emission to air, water, and products/ton of chlorine produced). The long-term 
PARCOM recommendation is to close all the mercury plants by 2010. The primary 
driving force for the change to membrane-cell operations is the cost of energy in Europe 
and the low profit margin of the chlorine-based markets in Europe with the current 
technologies. 


3.3.5.1. Chlorine. In 2001,9.72 MM tons of chlorine was consumed in Western Europe. 
Chlorine consumption is projected to increase by 0.2% per year through 2010 [6]. 
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Most of this chlorine is used in PVC manufacturing and the Ciand C2 chlorinated 
solvents. The EDC, VCM, and PVC market segments consumed about 38% of the 
chlorine produced during 2000, and are not expected to grow through 2010, because 
of potential regulations related to the use of plastic. The PO and phosgene markets are 
projected to grow annually by 1.4% and 2%, respectively. 

Production of chlorinated solvents, which include carbon tetrachloride, methylene 
chloride, 1,1,1-trichloroethane, PCE, and TCE, is expected to decline because of envir¬ 
onmental concerns. The demand for methyl chloride will also decrease, as Bayer has 
developed a new process for producing silicones, where the byproduct hydrochloric acid 
is fed back to the system, regenerating methyl chloride. 

Epichlorohydrin, used in the manufacture of epoxy resins, is expected to grow, 
while the use of monochloroacetic acid and benzyl chloride is expected to remain at the 
same levels as in 1996. The use of chlorine for the production of chloroprene is expected 
to decline because of competition from low-cost elastomers. 

The chlorobenzene market will decline in Western Europe because of competi¬ 
tion from Eastern Europe and the declining end-use applications. The major outlet for 
monochlorobenzene is nitrochlorobenzene, which will be produced outside Western 
Europe. 

Chlorine demand for ethyl chloride declined by 13% per year through the year 2000 
because of the decreased production of tetraethyl lead. 

The major markets for chlorine containing inorganic chemicals are hypochlor¬ 
ites, hydrochloric acid, phosphorous chloride, cyanuric chloride, titanium dioxide, and 
aluminum chloride. All these markets are projected to grow except for cyanuric chloride. 


TABLE 3.6. Mexican Chlorine and Caustic Soda Demand 


(-000- Metric tons) 

AAGR% 



1995 

2000 

2005 

2010 

1995-2010 

A. Chlorine 

Chlorinated intermediates 

22 

0 

0 

0 

-6.7 

Vinyls 

112 

96 

207 

250 

8.2 

Organics 

16 

15 

0 

0 

-6-7 

Pulp & paper 

14 

16 

10 

9 

-2.4 

Water treatment 

24 

30 

38 

46 

6.1 

Inorganics 

44 

58 

57 

30 

-2,1 

Others 

117 

125 

130 

150 

1.9 

Total demand 

349 

340 

442 

485 

2-6 

B. Caustic soda 

Pulp & paper 

34 

39 

36 

62 

5.5 

Soaps/detergents/textiles 

63 

80 

91 

109 

4.9 

Organics 

119 

140 

150 

1,265 

64.2 

Inorganics 

73 

88 

93 

93 

1.8 

Water treatment 

48 

60 

69 

84 

5.0 

Others 

85 

92 

102 

126 

3.2 

Total demand 

422 

499 

541 

639 

3.4 


Source: With permission from Chemical Marketing Associates, Inc. 
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TABLE 3.7. Brazilian Chlorine and Caustic Soda Demand 


(-000- Metric tons) 

AAGR% 



1995 

2000 

2005 

2010 

1995-2010 

A. Chlorine 

Chlorinated intermediates 

64 

48 

36 

23 

-4.3 

Vinyls 

432 

451 

398 

442 

0.2 

Organics 

277 

321 

364 

385 

2.6 

Pulp & paper 

59 

59 

29 

27 

-3.6 

Water treatment 

35 

44 

51 

53 

3.4 

Others 

231 

273 

283 

295 

1.8 

Total demand 

1,098 

1,196 

1,161 

1,225 

0.8 

B. Caustic soda 

Pulp & paper 

178 

220 

340 

324 

5.5 

Alumina 

191 

338 

377 

539 

12.1 

Soaps/detergents/textiles 

147 

165 

181 

199 

2.4 

Organics 

343 

383 

415 

455 

2.2 

Inorganics 

154 

165 

179 

196 

1.8 

Water treatment 

41 

44 

48 

53 

2.0 

Others 

154 

163 

190 

213 

2.6 

Total demand 

1,208 

1,478 

1,730 

1,979 

4.3 


Source: With permission from Chemical Marketing Associates, Inc. 


TABLE 3.8. Largest Chlorine Producers in Western 
Europe in 2002 (Thousands of Tons of Chlorine) 



Quantity 

% of total 

Dow 

1,351 

12 

Solvay 

1,239 

11 

Bayer 

1,013 

9 

INEOS Chlor 

1,013 

9 

ATOHNA 

900 

8 

Akzo Nobel 

675 

6 

EniChem 

563 

5 

BASF 

450 

4 

Aragonesas 

337 

3 

LaRoche 

337 

3 

Others 

3,377 

30 

Total 

11,259 

100 


which is used for agricultural chemicals, dyestuffs, and enhancement of optical bright¬ 
ness. This is a result of a decline in agricultural production in Western Europe and exports 
to Asian countries, which are producing cyanuric chloride to meet domestic demand. 

There is no direct use of chlorine in pulp and paper bleaching as of 1996, since 
all the Western European paper mills have shifted their bleaching operations to the 
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TABLE 3.9. Western European Chlorine Demand 



(-(XX)- Metric tons) 

1995 2000 2005 2010 

AAGR% 

1995-2010 

Chlorinated intermediates 

956 

973 

911 

894 

-0.4 

Vinyls 

3,470 

3,760 

3,480 

3,400 

-0.1 

Organics 

2,501 

2,849 

3,041 

3,191 

1.8 

Pulp & paper 

18 

5 

5 

5 

-4.8 

Water treatment 

200 

208 

213 

219 

0.6 

Inorganics 

71 

94 

84 

86 

1.4 

Others 

1,877 

1,832 

1,715 

1,556 

-1.1 

Total demand 

9,093 

9,721 

9,449 

9,351 

0.2 


Source: With permission from Chemical Marketing Associates, Inc. 


TABLE 3.10. Western European Caustic Soda Demand 


(-000- Metric tons) 

AAGR% 



1995 

2000 

2005 

2010 

1995-2010 

Pulp & paper 

1,155 

1,248 

1,234 

1,351 

I-l 

Alumina 

277 

307 

301 

298 

0.5 

Soaps/detergents/textiles 

746 

767 

783 

801 

0.5 

Organics 

2,298 

2,581 

2,680 

2,856 

1.6 

Inorganics 

2,109 

2,143 

2,222 

2,349 

0.8 

Water treatment 

390 

397 

405 

417 

0.5 

Others 

1,596 

2,365 

1,998 

1,654 

0.2 

Total demand 

8,571 

9,808 

9,623 

9,726 

0.9 


Source: With permission from Chemical Marketing Associates, Inc. 


use of chlorine dioxide or hydrogen peroxide. Chlorine will continue to be used for 
water treatment. However, the use of chlorine in water treatment has decreased because 
of the toxicological and environmental issues related to the formation of halogenated 
byproducts. Hence, the chlorine use for this end application will remain flat through the 
year 2006. Table 3.9 shows the chlorine demand forecast through the year 2010. 


J.3.5.2. Sodium Hydroxide. The Western European consumption of sodium hydroxide 
in 2000 was 9.80 MM tons, the projected growth rate through 2010 being 0.9% 
(Table 3.10). The demand for NaOH for producing major organic chemicals will increase 
by 0.9% from a 2001 market of 2.581 MM tons. However, the use of caustic for sodium 
hypochlorite will decline 0.7% per year through 2006, while its use in producing sodium 
cyanide is expected to be flat. 

The direct application of caustic in pulp and paper will increase in line with the 
output of pulp, and in the de-inking process for waste paper processing, as the use of 
recycled fiber in paper production will continue to grow in Western Europe. 
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3.3,6. Chlor‘Alkali Industry in Eastern Europe 

Eastern Europe, comprised of Albania, Armenia, Azerbaijan, Bulgaria, Bosnia- 
Herzegovina, Croatia, Czech Republic, Hungary, Macedonia, Poland, Romania, Russia, 
Serbia, Slovakia, Tajikistan, Ukraine, and Yugoslavia, produced 6% of the total world 
chlorine in 2002. The chlorine production in this region has decreased because of polit¬ 
ical and economic instability. Russia is the largest chlorine consuming country in Eastern 
Europe, accounting for 41% of the total. 

The main use of chlorine in Eastern Europe is for the production of PVC and organic 
chemicals, which include PO, chlorinated solvents, phosgene, and chlorobenzene. 
Chlorine is also used to produce hydrochloric acid and hypochlorite. 

The major end use of caustic in Eastern Europe is the production of rayon fibers, 
accounting for 10-12% of the region’s caustic soda demand. This may be compared 
with the world average of 4%. Other applications include wood pulping, petroleum 
processing, and the production of alumina. 


3.3.7. Chlor-Alkali Industry in The Middle East 

The Middle East, comprised of Egypt, Iran, Iraq, Israel, Jordan, Kuwait, Oman, Pakistan, 
Qatar, Saudi Arabia, Syria, Turkey, and the United Arab Emirates, manufactures 3% of 
the world’s chlorine. Approximately 71% of the chlorine in this region is produced using 
membrane-cell technology, while mercury- and diaphragm-cell technologies contribute 
24% and 4%, respectively. Chlorine consumption is expected to grow by 8% per year 
through 2006, because of the growing demand for the vinyl chain products. The EDC 
nameplate capacity will increase from 2.4 MM metric tons in 2001 to about 3.4 MM 
in 2006. 

Most of the chlorine is used to make EDC, some of which is utilized in PVC pro¬ 
duction and the remaining for exports. The major local outlet for caustic is for petroleum 
and natural gas processing, but most of the caustic is exported to Australia and other 
regions. The Middle East is a significant net exporter of caustic. 


3.3.8. Chlor-Alkali Industry in Japan 

Japan produced 10% of the world’s chlorine in 2001. The capacity for chlorine and 
caustic increased by 7% through the period 1998-2002 as a result of increases in the 
pulp and paper industry, PVC, TDI, MDI, and other organic and inorganic chemicals. 

Consumption of chlorine and caustic has decreased annually during 1997-2001 by 
1.7% and 0.6% respectively, because of the weak economy and environmental concerns. 
The chlorine demand is expected to decline during 2001-2006 at an annual rate of 0.1 %, 
while the caustic demand is projected to grow annually by 1.2% during the same period. 

Historically, the Japanese chlor-alkali industry started in 1881, when the LeBlanc 
process was used to produce caustic soda. Osaka Soda and Hodogaya Chemical com¬ 
mercialized the mercury- and diaphragm-cell technologies in 1915. Asahi Glass started 
the Solvay process soon after. By 1973, 95% of the chlorine was produced by the 
mercury-cell process and 5% by diaphragm cells. In 1973, mercury pollution issues 
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forced the government to mandate conversion to non-mercury-cell technologies. As a re¬ 
sult, two thirds of the mercury-cell capacity was converted to diaphragm-cell technology 
during 1975-1976, and during 1983-1986 the remaining were converted to the 
membrane-cell processes. By the end of 1999, all the diaphragm cells were conver¬ 
ted to membrane cells, with technologies developed in Japan by Asahi Glass, Asahi 
Chemical, Tokuyama Soda, and Chlorine Engineers. 


3.3.9. Chlor-Alkali Industry in Korea, Taiwan, China, and India 

Korea produced 1.035 million tons of chlorine in 2002 and added another 650,000 
tons of capacity in 2003. More than 50% of the chlorine produced was used for VCM 
manufacture and the remainder was for food uses, steel production, ferric chloride, and 
sodium glutamate. Most other chlorine derivatives were imported from the United States 
and Western Europe. 

Taiwan’s production of chlorine in 2002 was 987,000 tons, 79% of which was used 
for manufacturing EDC. Chlorine consumption is expected to rise by 5-6% per year 
during the next 5 years. 

China produced 6.2 MM tons of chlorine in 2001. About 72% of the capacity 
was based on diaphragm cells, 26% on membrane cells, and the rest by the lime-soda 
process. China produced over 100 chlorinated organics, 50 chlorinated inorganics, and 
30 chlorine-based agricultural chemicals. Consumption of chlorine is projected to grow 
by 5% per year to 7.9 MM tons in 2006. 

India produced 2.05 MM tons of chlorine in 2001, membrane cells holding a share 
of 68%, mercury cells at 31%, and diaphragm cells at 1%. 


3.3.10. Chlorine and Caustic Prices 

The price of chlorine and liquid caustic has constantly changed, unlike that of solid 
caustic, over the past 25 years. The US spot price variations are presented in Fig. 3.21. 
The United States is the largest merchant market for chlorine in the world, and is also 
the main exporter of chlorine derivatives. 

The price of chlorine and caustic generally fluctuates, as the chlorine market is 
heavily dependent on the PVC industry, which fluctuates with swings in the economy. 
Caustic is generally more recession-proof as it is generally a utility chemical in manu¬ 
facturing (i.e., much like water, steam, etc.), unlike chlorine. As a result, there is price 
elasticity in caustic usage. When caustic pricing is low, demand grows from alkali sub¬ 
stitution from soda ash. The opposite is true when caustic soda pricing is high. Thus, 
the supply/demand profile plays a critical role in chlorine pricing as the ability to store 
chlorine is limited. 

The price of chlorine was on an increasing trend from 1970 to 1980, and then 
decreased to '^$90-105 per ton during 1981 and 1982. The prices increased from 1983 
until ^^1988, when the prices fell to $35 per ton in 1992 due to an overall weak economy. 
The caustic prices also dropped to $220 per ton in 1992. The pricing took an upward 
trend in 1993 from $215 per ton to $270 per ton and continued to increase due to the 
strong EDC, VCM, and PVC markets. 
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FIGURE 3.21. Chlorine and caustic list prices from 1970 to present (plotted from the data in [2,7,9]). 


The chlorine price at the start of 1998 was $220 per ton, but it had decreased to $60 
per ton by the end of 1998 mainly due to increased world capacity and a lower than 
expected demand for chlorine derivatives as a result of the Asian situation at that time. 

The chlorine prices started increasing toward the end of 1999, as the Asian situation 
improved, and the industry restructured to make its operations profitable. The spot price 
of chlorine in the United States in 1997 was $260 per ton and had fallen to "--$32 per 
ton in 2001 as a result of the financial problems in Asia, slow growth in the rest of the 
world, economic echoes of the 9/11 terrorist acts, increased energy costs and fuel prices, 
coupled with an increased world capacity. Since then, the industry has restructured its 
operations and chlorine prices increased to ~$240 per ton in late 2002. It should be noted 
that most chlorine is sold under contract prices, which do not bounce around, unlike the 
spot market prices that vary with market demands. 

It is important to note that the philosophy of production, transportation, and storage 
of chlorine has changed drastically following the 9/11 incident. Heightened security 
measures by the producers and the consumers have added significant costs to the industry. 
The consideration of relocation of consumers to nearby chlorine production facilities has 
received attention. The development of security regulations will impact the chlor-alkali 
industry in the future. 


3.4. ENVIRONMENTAL CONSIDERATIONS AFFECTING THE 
GROWTH OF THE CHLOR-ALKALI INDUSTRY 

The environmental issues that constantly threatened the chlor-alkali industry can be 
classified into two categories, one related to the process and the technology, and the other, 
dictated by the end-use applications. The process and technology issues are addressed 
in Chapter 16. The product-related concerns are discussed here. 






OVERVIEW OF THE CHLOR-ALKALI INDUSTRY 


67 


Chlorine is used to produce organic and inorganic chemicals, besides being directly 
employed in the pulp and paper and water treatment operations. Chlorine, itself, is 
acutely toxic to humans, animals, and plants, but it does not accumulate in the human 
body and has no long-term effects. Hence, precautions are in place for transporting 
chlorine in liquid form by choosing proper containers and selecting proper valves and 
piping materials. Leaks from chlorine containers will allow the gas under pressure to 
escape as a yellow cloud, forcing the evacuation of the people within the vicinity. This 
is part of the Community Awareness and Emergency Response (CAER) program in 
“Responsible Care.” 


3,4J. Organic Chemicals 

3.4.1,1, EDC/VCM/PVC, Most of the chlorine produced in the world is used to manu¬ 
facture PVC and its intermediates. These plastics are used widely in many applications, 
especially in the construction industry. Western Europe was the largest producer of PVC 
in the 1990s, followed by Asia and North America. 

There are four major environmental concerns regarding the use of PVC that are still 
being debated by the environmental agencies and the PVC manufacturers. These are: 
(1) the formation of toxic dioxins, furans, and HCl during the incineration of PVC either 
in building fires or municipal waste incinerators, (2) the presence of lead and cadmium 
in the toxic fly ash formed during the incineration of PVC containing metal stabilizers, 
(3) the presence of phthalate plasticizers which are suspected carcinogens, and (4) the 
non-degradability of chlorinated plastics in landfills. Until now, there have been no 
laws or regulations restricting the use of PVC. Nevertheless, environmental groups are 
attacking its use. As a result, some local restrictions have been imposed, especially in 
Germany. In the packaging sector, some countries have banned PVC for bottle production 
and PVC sheets for food packaging. The issue of HCl and dioxin emissions is not as 
serious because the fugitive emissions can be minimized via improved waste incineration 
technologies. The use of Pb- and Cd-based stabilizers has declined in favor of Zn- 
and Ca-based stabilizers. Flexible PVC-containing dioctylpthalate plasticizers has been 
banned in children’s toys. The phthalates have been replaced by phosphate esters. It is 
worth noting that dioctylpthalate was recently found not to be as carcinogenic as was 
originally thought. 

VCM used in the production of PVC is a carcinogen, and the regulations call for 
a threshold limit value of 3-5 ppm in air. PVC manufacturers have conformed to these 
limits and the carcinogenic issue related to VCM has been well under control for this 
end product. 


3,4.1.2, Propylene Chlorohydrin. Propylene chlorohydrin is one of the most import¬ 
ant intermediates used in the production of PO, which is a raw material for producing 
propylene glycols and urethane poly ether polyols. The United States and Western Europe 
are the largest producers of propylene chlorohydrin, accounting for 74% of the world’s 
production. The main environmental issues relate to the chlorinated waste generated in 
the process and the disposal of the byproduct calcium chloride sludge. The formation of 
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the calcium chloride sludge can be avoided by using caustic soda. However, the use of 
caustic depends on the price of caustic vs the CaC^ sludge disposal costs. 

Olin has developed a new process for manufacturing PO by direct oxidation of 
propylene. There are also several peroxidation technologies for production of PO. Pos¬ 
sible breakthroughs in the non-propylene chlorohydrin-based routes could reduce the 
demand for chlorine for making PO. 


3,4,13. Chlorination Technologies. Chlorine is used in the manufacture of several 
large-volume products, which include chlorobenzene, chlorophenols, and chloroacetic 
acids. The other chlorinating agents used in the production of intermediates are hydro¬ 
chloric acid, thionyl chloride, chlorosulfonic acid, phosphorous tri- and pentachloride, 
and phosphorous oxychloride. One of the issues being considered during the course of 
these chlorination reactions is the formation of HCl gas, which can be mitigated by 
installing exhaust gas containment devices. The other environmental concern is the con¬ 
tamination of solid waste and wastewater with organic and inorganic impurities, which, 
when burnt, release highly toxic dioxins. While complete thermal decomposition by 
high-temperature burners can avoid this problem, the public acceptance of this practice 
is a major concern in the industry. 

Since the 1980s, several European and Japanese chemical companies have instituted 
stringent safety standards, well ahead of governmental regulations. This investment 
towards environmental and safety measures has reduced waste emissions significantly. 


3.4.1.4, Phosgene, Phosgene, a major chlorine consumer and an intermediate in the 
production of isocyanates, is used in the manufacture of polyurethanes, polycarbonates, 
and pesticides, and chloroformates and carbonates, for producing pharmaceuticals. The 
United States and Western Europe each account for 41% of the total world phosgene 
production, and Japan generates 12% of the total. 

Phosgene is highly toxic and there are legislative restrictions on production, con¬ 
sumption, and transportation. Phosgene manufacturing facilities have incorporated all 
the safety measures, properly conforming to the mandated standards. However, public 
perception of risks may limit its production in neighborhoods that are highly populated, 
or where environmental standards are very high. 


3.4.1.5, Chlorine^Based Pesticides, There are about 100 chlorine-based compounds 
used in several hundred pesticides. Of these, more than 40% have insecticidal activity, 
30% have fungicidal activity, and 15% have herbicidal activity, and are used extensively 
in the agricultural industry. The major herbicides, fungicides, and insecticides used in 
some regions in the world are shown in Table 3.11 [9]. 

The need for these chemicals depends on the specific market of importance in any 
given country. Thus, cotton, cereal, and vegetables are the important markets in Europe, 
while maize and soybeans are important in the United States. Protection of rice crops 
is in demand in Japan and Hong Kong, where the use of pesticides to protect fruits and 
vegetables is also growing. Major agricultural markets in other countries include maize 
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TABLE 3.11. Major Chlorine Containing Herbicides, Fungicides, and 
Insecticides with Regional Importance 




United 

Western 

East 


Major end uses 

States 

Europe 

Asia 

A. Herbicide 

Acetochlor 

Com 

X 



Alachlor 

Com, soybeans 

X 


X 

Atrazine 

Com 

X 

X 

X 

Bentazon 

Soybeans 

X 

X 


Chloramben 

Soybeans 

X 



Chlorsulfuron 

Wheat 

X 



Cyanazine 

Com, cotton 

X 

X 


2,4 D 

Com, cotton 

X 

X 

X 

Dicyclofop-methyl 

Wheat 

X 



MCPA 

Wheat 

X 

X 

X 

Metalochlor 

Com 

X 



Metribuzin 

Soybeans 

X 

X 


Triallate 

Wheat, oilseed. 

X 

X 



beet,maize 

X 



Trifluralin 

Com, cotton, soybeans 

X 

X 

X 

B. Fungicide 

Anilazine 

Nonagriculture 

X 


X 

Captan 

Vegetables, nonagriculture 

X 

X 

X 

Carboxin 

Peanuts 

X 

X 

X 

Chloroneb 

Nonagriculture 




Chlorothalonil 

Peanuts, potatoes, vegetables, 
nonagriculture 

X 

X 

X 

Elridiazol 

Nonagriculture 

X 



Iprodione 

Stone fruit, nuts, rice, 
vegetables, nonagriculture 

X 

X 

X 

Maneb 

Potatoes, fruits, vegetables 


X 

X 

Metal axyl 

Nuts, potatoes, tobacco, 
vegetables, nonagriculture 

X 



Metiram 

Potatoes 

X 

X 


PCNB 

Peanuts 

X 

X 

X 

Propiconazole 

Small grain, nonagriculture 

X 


X 

Thiram 

Nonagriculture 

X 


X 

Vinclozolin 

Vegetables, nonagriculture 

X 



Ziram 

Apples, stone fruit 

X 



C. Insectide 

Carbofuran 

Corn, fruit, nuts, maize, beets 

X 

X 

X 

Chlorpyrifos 

Com 

X 

X 


Cloethocarb 

Com 

X 



Dicofol 

Cotton, citrus, fmit 

X 

X 

X 

Dimethoate 

Fruit, vegetables, wheat 


X 

X 

Endosulfan 

Corn, fruit, raps 

X 

X 

X 

Fonofos 

Corn 

X 



Formetanate hydrochloride 

Beet, fmit, vines 

X 

X 


Lindane 

Com 

X 

X 


Methoxychlor 

Nonagricultural 

X 



Thiodicarb 

Cotton, soybeans 

X 

X 



Source: With permission from SRI Consulting. 
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in South Africa, cereals and cotton in Australia, fruits and vines in Chile, and rice and 
cotton in Colombia. 

While the pesticides control pest infestation and disease, they can adversely affect 
the plants and the environment via ground water contamination, besides causing adverse 
side effects in humans. This has led to regulations by the EPA in the United States to 
curtail the use of pesticides that leach into the ground water. Triazines, a group commonly 
present in pesticides, have antibacterial and anti-protozoan activity, and are used in the 
production of atrazine, which is a controversial weed-control chemical. 

There is no general agreement on the maximum allowable atrazine level. However, 
world health organizations have set the level at 2 |xg L”^ while the US EPA has set the 
limit at 3 |Jig L”^ of daily intake as acceptable. In Europe, atrazine is not regulated, but 
the European conununities’ drinking water directive has set a maximum allowable con¬ 
centration of 0.1 [ig L“* for each individual pesticide and 0.5 jxg for all pesticides 
combined. Still, debates and lobbying continue to change some of these regulations. 

Fungicides causing environmental pressure are chlorine-containing dithiocarbamate- 
based and heterocyclic nitrogen-based compounds, and include maneb, metiram, and 
thioram for apples, and ziram, folpet, maneb, and thiram for stone fruit use. Regulations 
in the United States have discontinued use of prochloraz, mancozeb, and maneb for 
barley, oat, rye, and wheat crops. 

The first insecticide banned by the EPA in 1970 for safety reasons was DDT, which 
was used to control malaria and the typhus epidemic, saving thousands of lives. Other 
insecticides include: aldrin, dielrin, chlordane, and heptachlor, which were banned 
because of the health hazards associated with them. 1,4-Dichlorobenzene, toxaphene, 
and 1,3-dichlorprene are classified by the US National Toxicological Program as sus¬ 
pected human carcinogens, although the last two chemicals are under special review 
by the EPA. Production of 2,4,5-trichloropheonoxy acetic acid herbicides and 2,4,5- 
trichlorophenol fungicides has been discontinued in most regions, as they have low 
biodegradability and accumulate in the food chain. 

Environmental and health hazards associated with chlorine-based herbicides have 
impacted the production of these chemicals, and the consumption of chlorinated hydro¬ 
carbon insecticides has decreased by more than 95% since 1974. However, as this 
market segment constitutes < 1 % of the total chlorine consumption, the chlorine industry 
is unlikely to be affected by the restrictions on the CI2-based agricultural chemicals, 
although debates and discussions on the pesticides have created a bad public image for 
the chemical industry. 


3A, 1.6, Chlorine Derivatives. Certain chlorine derivatives pose major risks to the 
environment because their emissions can destroy the ozone layer and add to the 
greenhouse effect. Table 3.12 shows the “Ozone Depletion Potential” (ODP) and 
the “Global Warming Potential” (GWP) of various chlorine-based chemicals [15]. 
ODP values are compared with CFC-11 with a value of 1.0, and GWP values 
are compared with CO2 with a value of 1. The time period for the GWP indic¬ 
ates when the greenhouse effect will disappear, and the lifetime in the atmosphere 
reflects the time for decomposition for the given species. Table 3.13, describing 
the major greenhouse gases and their contribution to the greenhouse effect [15]. 
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TABLE 3.12. Climatic Effects of Chlorine Derivatives 


Ozone Global warming potential 
Life time in depletion (GWP) time horizon 
atmosphere potential 


Product 


(yr) 

(ODP) 

20 yr 

100 yr 

500 yr 

CO 2 


120 

— 

1 

1 

1 

CFCs 

11 

CCI 3 F 

60 

1 

4,500 

3,500 

1,500 

12 

CCI 2 F 2 

130 

0.96 

7,100 

7,300 

4,500 

113 

F 2 CIC-CCI 2 F 

90 

0.85 

4,500 

4,200 

2,100 

114 

F 2 CICCCIF 2 

200 

0.71 

6,000 

6,900 

5,500 

115 

F 2 CIC-CF 3 

400 

0.4 

5,500 

6,900 

7,400 

HCFCs 

22 

HCCIF 2 

15 

0.05 

4,100 

1,500 

510 

123 

HCI 2 C-CF 3 

1.6 

0.02 

310 

85 

29 

124 

HCIFC-CF 3 

6.6 

0.02 

1,500 

430 

150 

141b 

H 3 C-CCI 2 F 

13 

0.15 

1,500 

430 

150 

142b 

H 3 C-CCIF 2 

19 

0.05 

3,700 

1,600 

540 

MFCs 

125 

HF 2 C-CF 3 

28 

0 

4,700 

2,500 

860 

134a 

H 2 FC-CF 3 

16 

0 

3,200 

1,200 

420 

143a 

H 3 C-CF 3 

41 

0 

4,500 

2,900 

1,000 

152a 

H 3 C-CHF 2 

1.7 

0 

510 

140 

47 

CCs 

CCI 4 


50 

1.13 

1,900 

1,300 

460 

CCI 3 CH 3 


6 

0.12 

350 

100 

34 


Source: With permission from SRI Consulting. 


TABLE 3.13. Greenhouse Effect 



CO 2 

CH 4 

N 2 O 

Ozone 

CFC 11 

CFC 12 

Concentration in the 

354 

1.72 

0.31 

0.03 

0.00028 

0.00048 

atmosphere (ppm) 

Time in the 

120 

10 

150 

0.1 

60 

30 

atmosphere (yrs) 
Increment (%/yr) 

0.5 

1 

0.25 

0.5 

5 

3 

Relative global 
warming potential; 

CO 2 = 1 (v/v) 

1 

21 

206 

2,000 

12,400 

15,800 

Relative global 

1 

58 

206 

1,800 

3,970 

5,750 

warming potential; 

CO 2 = 1 (w/w) 







Contribution to 

50 

13 

5 

7 

5 

12 

incremental greenhouse 
effect in the 80s (%) 








Source: With permision from SRI Consulting. 
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Attempts to reduce the ozone layer depletion and the emission of greenhouse gases, 
under the auspices of the United Nations, resulted in the Montreal Protocol in 1987. 
Table 3,14 shows the CFC-phase out plans adopted in 1990 [15]. Industry has volun¬ 
teered to recover CFCs from old refrigeration units, complying with the Montreal 
Protocol. 


3.4.1.7. Chlorinated Solvents. The chlorinated solvents of relevance include all chloro- 
methanes and the chlorinated C 2 hydrocarbons, perchloroethylene (PCE), trichloroethyl¬ 
ene (TCE), and 1,1,1 -trichloroethane (1,1,1 -TCA), which are produced in large volumes 
throughout the world. All these products are under great pressure from stringent gov¬ 
ernment regulations all over the world, and their production will significantly decrease 
over the next few decades. 

All chlorinated solvents are regarded as either atmospheric pollutants, or potentially 
hazardous chemicals for occupational exposure. Hence, government regulations have 
had a significant impact on their use over the past 25 years. Laboratory tests on animals 
also indicate that these solvents have the potential for chronic effects on humans [15]. 

The second Montreal Protocol (1990) restricted the production and use of 
1,1,1-TCA because of its high ODP, ultimately leading to its phase out by 2005. Metal 
cleaning is one of the important end uses of C 2 chlorinated solvents, and emission of 
these solvents is a major issue. The metal industry has improved operations to recover 
these solvents and minimize emissions into the atmosphere. A similar trend is ongoing 
in dry cleaning operations to reduce the use of PCE. Phase-out of PCE is well underway. 


3.4.2. Inorganic Chemicals and Direct Application 

3.4.2.1. Bromine. Bromine is highly toxic, but bromine-based compounds are not. How¬ 
ever, fire fighting gases, such as halons, exhibit ODP, and lead antiknocks cause soil and 
air pollution, both being restricted by the Montreal Protocol. Therefore, regulations will 
be enforced on bromine-based compounds, particularly in developed countries. 


3.4.2.2. Water Treatment. Five to six percent of the world chlorine consumption is for 
the treatment of potable, process, and wastewater streams. Disinfection of drinking 
water with chlorine, a practice dating back to the mid-1800s, has eradicated deaths from 
typhoid and many other infectious diseases. However, during the chlorination process, 
halogenated organic compounds, including chloroform, are formed. 

As these species are human carcinogens, the US EPA and the environmental 
agencies in other countries are seeking to limit the use of chlorine in drinking water. 
In the United States, Canada, and Western Europe, chlorine consumption will decrease 
as water treatment operations switch to different disinfectant technologies. However, 
chlorine consumption will increase in less-developed countries as more water treatment 
plants go in. 


3.4.2.3. Pulp and Paper Industry. The major issue related to the use of chlorine in the 
pulp industry is the formation of AOXs during the bleaching sequence with chlorine 
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TABLE 3.14. Phasing Out of Ozone Killers 



Montreal Protocol 
1987 

London Protocol 

1990 

Suggested 

CFCs 

11,12,113,114,115 

1990: freeze on 1986 
level 

1994: 20% red 

1999: 50% red 

1991-1990: freeze on 
1986 level 

1995: 50% red 

2000 : 100% red 

1997: 100% red« 

CFCs 

13,111,112,211, 

212,213,214,215,216,217 


1992: freeze on 1988 
level 

1997: 85% red 

2000 : 100% red 

1997: 100% red“ 

Halones 

1211,1301,2402 

CCs 

1992: freeze on 1986 
level 

1992: freeze on 

1986 level 

1995: 50% red 

2000 : 100% red 

1997: 100% red" 

ecu 

— 

1995: 50% red 

1997: 100% red" 

1,1,1 -Trichloroethane 

— 

2000 : 100% red 

1995: 30% red 

2000: 50% red 

2005: 100% red 

1997: 100% red" 

HCFCs, FCs 

— 


2005: 100% red* 


Notes: Red: reduction from current levels, 

"German companies stopped production in domestic plants. 
^ 100% red of HCFC 22 by 2000. 

Source: With permission from SRI Consulting. 


or chlorine-containing bleaches. These toxic AOXs leave the pulp mill in air, water, 
and the bleached pulp. As a result, the use of chlorine has significantly declined for 
pulp bleaching. Restrictions are in place in Canada, the United States, Japan, and Europe 
to reduce the AOX levels from 8 kg ton"^ of pulp to 0.5 kg ton”^ of pulp. 

3.4,2A. Dioxins and Furans. Dioxins and furans are formed [15,16] during the incin¬ 
eration of chlorine-containing materials, and also during the bleaching operations in 
pulp and paper plants. Dioxins are defined as tetrachlorodibenzo dioxidines, and furans 
with chlorine atoms on at least 2,3,7 and 8, as well as coplanar PCBs. This group 
of n-chlorodibenzo-/7-dioxins, particularly 2,3,7,8-tetrachlorodibenzo-/?-dioxin (TCDD) 
is highly toxic and carcinogenic to humans, the exposure path being via meat, dairy 
products, and fish. While dioxins were found at 40-50 ppt levels in human blood in 
1994, the mechanism by which these dioxins will induce toxicity is still unknown. The 
fears about dioxins started when maximum exposure of TCDD in Agent Orange occurred 
during the Vietnam War. The “psychological fear” and the uncertainty about the true tox¬ 
icity to humans resulted in a ban on sales of products or processes in which TCDD was 
present at more than trace levels. 

According to the United Nations Environment Program (UNEP) London directives, 
the sale of products are prohibited if the TCDD content is >0.002 mg kg“^ and if any 
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of the following compounds exceed 0.005 mg kg ^, whereas the German Hazardous 
Products Regulations limit the total PCDD at the 5 ppb level. 


1.2.3.7.8 Penta-CDD 
1,2,3,7,8,9 Hexa-CDD 

1.2.3.6.7.8 Hexa-CDD 

1.2.3.4.7.8 Hexa-CDD 


Polychlorodibenzo-p-dioxin (PCDD) 

2.3.4.7.8- Penta-CDF 

2.3.7.8- Tetradichlorobenzofurane 

1.2.3.6.7.8- Hexa CDF 
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4 

Chemistry and Electrochemistry of 
the Chlor-Alkali Process 


4.1. THERMODYNAMICS 

4.1.1. Free Energy and Its Significance 

Thermodynamics is a powerful tool for the study of chemical reactions and is intimately 
related to the atomic and molecular description of the species participating in these 
reactions. The transformation of energy involved in the reactions depends on the ther¬ 
modynamic conditions of the reaction, and can be expressed in terms of various 
thermodynamic functions. One such function is the Gibbs free energy [1^], expressed 
by Eq. (1): 


G^H-TS (1) 

H in Eq. (1) refers to the heat content or enthalpy at temperature T, and S refers to 
the entropy. Equation (1) can be rewritten as: 

AG = AH - TAS (2) 

which describes the energy changes in the system and the surroundings. In a process 
where the enthalpy decreases, the decrease in the enthalpy of the system is due to 
(1) the heat that must be released to the thermal surroundings to balance the decrease 
in the entropy of the system and so preserve the state of balance, and (2) the work 
delivered to the mechanical surroundings. Thus, the entropy decrease in a system must 
be compensated for before the system is free to perform any work. 

The concept described above will now be elaborated upon by examining the effect 
of expansion for a reversible process. Defining H = U + P V, where U refers to internal 
energy, T to temperature and P to pressure, and substituting it in Eq. (1) results in: 

G = U 4- PV ~TS (3) 
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For infinitesimal changes in G, 

dG = dG -h PdV ^VdP -TdS ~ SdT 
At constant temperature and pressure, Eq. (4) reduces to: 

dG = dU-\-PdV-TdS 


Since 


( 4 ) 

( 5 ) 


dU = 8q 8w 

where q refers to the heat absorbed by the system and w the work done by the system, 

dG = 8q-^8w-{-PdV - T dS (6) 

The work done by the system, —8w, consists of the work of expansion, PdV, and useful 
work, —8w\ Hence 

-8w=:PdV -8w' (7) 


or 


8w=8w' - PdV 


It follows from Eqs, (6) and (7) that 

dG^8q-TdS-\-8w' 


( 8 ) 


For a reversible process, 


dqlT = dS (9) 

and therefore, at constant temperature and pressure, 

-8G = -8w' (10) 

Thus, the decrease in free energy for a reaction is the maximum work that could be 
obtained at constant temperature and pressure. Therefore, reactions exhibiting a negative 
AG are those that can be harnessed to do work. 

AG for a given reaction can be positive, negative, or zero. If AG = 0, the system 
is in equilibrium. If AG is negative, the reaction can proceed spontaneously as written, 
and if it is positive, the reaction will not proceed unless driven by an external force, such 
as the application of voltage during electrolysis. 

Electrical work is equal to the product of the total charge needed to drive an 
Avogadro number (i.e., a mole) of electrons and the voltage through which the charge is 
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driven. The charge required to drive a mole of electrons is 96,485 C, which is a Faraday, 
F, When the cell voltage, E, drives n moles of electrons, the electrical work is equal to 
nFE. This energy is equal to the decrease in the free energy of reaction. Thus, 


AG = -nFE (11) 

where E is the reversible electromotive force (EMF) of the cell. Note that the negative 
sign of E corresponds to the spontaneous direction of the reaction. 

The Gibbs free energy is a function of temperature, pressure, and the chemical 
potential of the species involved in the reaction, and it can be written in general [1] as: 

dG = -5dr+ VdP + S/x.dn/ (12) 

where fii refers to the chemical potential of a species and ni to the number of moles. At 
constant temperature and pressure, Eq. (12) becomes 


dG = E/x/ drii 


(13) 


Integration of Eq. (13) leads to 


Gt^p^h = (14) 

and differentiation of Eq. (14) results in 


(dG)r.p “ + (jLi drii) 


(15) 


or 


Hriidfjii =0 (16) 

when coupled with Eq. (13), at constant temperature and pressure. One can now use 
Eq. (17), obtained from Eq. (14), to calculate the changes in the free energy of a reaction 
of the type expressed by the scheme in (18). 


AG = 'Evifii (17) 

y refers to the stoichiometric coefficients in the reaction. 

Let us now consider a chemical reaction between A and B to form C and D as: 

viA + y2B -> y3C + V4D ( 18 ) 

For example, for the reaction: Zn + CI2 -> Zn^"^+2 CP, A = Zn; B = CI2; 
C = Zn^*^; D = CP; yj — 1; y2 = 1; ya = 1; and y4 = 2. 

The free energy change, AG, for this reaction is given as: 

AG = Gproducts ~ Greactants (19) 
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where 


^products — P 3 /^C P 4 


( 20 ) 


and 


^reactants — Pi MA “ ^2 MB (21) 

The fx in Eqs. (20) and (21) refers to the chemical potential (i.e., partial molar free 
energy) of the species denoted in the subscript, which can be calculated from: 

tji = fjP + RT Inai (22) 

in the above equation is called the standard Gibbs free energy of formation at unit 
activity, ai . For the purpose of the present discussion, let us assume the activity of a solid 
to be unity, the activity of the dissolved electrolytes to be their concentrations (expressed 
in g-mol L” ^) and the activity of the gases to be equal to their partial pressures (expressed 
in atmospheres). Theoretically, however, one has to correct the concentration to activity, 
using the published activity coefficient data. Values of are available in the published 
literature [6], and some typical values are given in Table 4.1.1. 


4.1.2. Nemst Equation 

Let us now examine the case of an electrochemical reaction given by: 

Pox [ox] + we Vred [red] (23) 

(Example: Cu^'*' + 2e ^ Cu) 

where, [ox] stands for the oxidized species, [red] for the reduced species, and n for the 
number of Faradays involved in the reaction. Since Eq. (23) should be at equilibrium 
(AG = 0) for the calculation of Eq, the following relationship is applicable. 

Pred Mred “ Pox Mox - W/Xe = 0 (24) 


TABLE 4.1.1 Free Energies of Formation 



Gibbs Free Energy of 

Species 

formation (kcaJ/g-mol) 

Cl2,H2(gas) 

0 

Zn, Cu 

0 

cr 

-31.35 

NaCl(aqueous) 

-93.94 
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/>te is defined as 


lit = —FE 


(25) 


Substituting Eqs. (22) and (25) into (24), we have 

nFEo = [vox + RT In 


or 


£o = 


nF (arcdY'^^ 


where 




PQX llpx Wed Mred 
nF 


(26) 


(27) 


In the above equation, E^ is the standard electrode potential [<2ox] — [^redl = I, R 
refers to the gas constant 1.987 cal (g-mol)~^ T to the absolute temperature in 
degrees Kelvin, and F to Faraday’s constant {F = 23.06 kcal (g-equivalent)“^ V“^). 
Equation (26) is called the Nemst equation relating the electrode potential to the con¬ 
centrations, and it is one of the most important relationships in electrochemistry. E^ 
values for various reactions are presented in Table 4.1.2. 

It should be emphasized here that the sign of the potential depends on the manner in 
which a given reaction is written. The values given in the table refer to the reduction reac¬ 
tions as given by Eq. (23). However, if the reaction is written as Vred [red] -> Vox [ox] -f- we, 
the E^ value will be positive, representing the oxidation process. In thermodynamics, 
the oxidation process is treated as the forward direction, whereas in electrochemistry, the 
reduction process is regarded as the forward direction, following the convention adopted 
by the International Union of Pure and Applied Chemistry (lUPAC) (see Section 4.1.6). 

The following example illustrates the methodology described above by cal¬ 
culating the E^ for the reaction Cl 2 + 2e ^ 2C1“, given /Xq^= 0 and = 
—31.35 kcal (g-mol)“^. 

I IF 

2 (-31.35^^) 

^ _V _ g-mol/ _ 

/ 8-equiv.leMs\ / -kcal-\ 

\ g-mol / \ g-equivalent V / 


= 1.3595 V 
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TABLE 4.1.2 Standard Electrode Potentials at 25°C 

Electrode reaction 

Standard reversible 
potential, volt vs Standard 
Hydrogen Electrode (SHE) 

2 H 2 O = H 2 O 2 + 2H+ + 2e 

1.770 

Au = Au"^ + e 

1.680 

Au = Au^“*“ + 3e 

1.500 

Pb2+ + 2 H 2 O = Pb02 + 4H+ + 2e 

1.455 

2Cr = CI 2 + 2e 

1.359 

2 H 2 O = 02 + 4H+ + 4e 

1.229 

2Br = Br 2 “P 2e 

1.065 

Pd = Pd^+ + 2e 

0.987 

Ag = Ag+ + e 

0.799 

2Hg = Hg|+ + 2e 

Fe2+ =Fe^++e 

0.789 

0.771 

H 2 O 2 = 02 + 2H+ + 2e 

0.682 

2Ag 4* SO^ = Ag 2 S 04 + 2e 

0.653 

21- = I 2 + 2e 

0.535 

Cu = Cu"^ + e 

0.521 

Fe(CN)^“ = Fe(CN)^~ + e 

0.360 

Cu — Cu^"*" + 2e 

0.337 

Ag 4* Cl” = AgCI + e 

0.222 

CU+ = Cu^4 + e 

0.153 

H 2 = 2H+ + 2e 

0.000 

Pb = Pb2+ + 2e 

-0.126 

Sn = Sn2+ + 2e 

-0.136 

Mo = Mo^+ + 3e 

-0.200 

Ni = Ni2+ + 2e 

-0.250 

Co = Co2+ + 2e 

-0.277 

Pb + 80^“ = PbS 04 + 2e 

-0.356 

Fe = Fe2+ + 2e 

-0.440 

Cd = Cd^+ + 2e 

-0.453 

2Nb + 5 H 2 O = Nb 205 + 10H+ + lOe 

-0.650 

Cr = Cr3+ + 3e 

-0.740 

Zn = Zn^+ + 2e 

-0.763 

Zr = Zr'^"*" + 4e 

-1.530 

Ti = Ti3+ + 3e 

-1.630 

A1 = aP+ + 3e 

-1.660 

Mg = Mg2+ + 2e 

-2.370 

Na = Na+ + e 

-2.714 

K = K+ + e 

-2.925 

Li = Li"*" + e 

-3.045 
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The reversible potential Eo for the above reaction at 2M NaCl, pch = Hg, 

and T = 298 K, assuming the activity coefficient of Cl” to be unity, can be calculated 
as follows. 


Eo = E^ 


RT I r cag-)^ ' 

2^ L «C12 . 


, 2303RT , 

= 1-359-——log 


= 1.359- 


2.303 1.987 


(acr)^ 

L aci2 J 

cal 


g.mol K 


298 K 


, g.mol 
\ V""g-mol 


23,060 


cal 


g.mol V / / 


( 600/760 ) 


= 1.359 - 0.0296 log (5.066) 
= 1.338 V vs SHE 


where SHE refers to the standard hydrogen electrode (Section 4.1.6 and Table 4,1.2). 

4J.3. Reversible Electrode Potentials 

4.1.3.1. The Chlorine Electrode Process. Chlorine exists in various oxidation states 
[5-7] as shown in Table 4.1.3. Of these, the chloride ion and elemental chlorine couple 


2C1 CI 2 2e 


(28) 


TABLE 4.1.3 Oxidation States of Chlorine 


Oxidation number 

Examples 


-1 

Chloride ion 

cr 

0 

Elemental chlorine 

CI2 

1 

Hypochlorous acid/Hypochlorite 

Hcio/ocr 


Chlorine oxide 

CI2O 

3 

Chlorous acid/Chlorite 

HCIO2/C1O2 

4 

Chlorine dioxide 

CIO2 

5 

Chlorate 

CIO3 

6 

Chlorine trioxide 

C103 

7 

Perchlorate 

cio- 


Chlorine heptoxide 

CI2O7 

8 

Chlorine tetroxide 

C1O4 
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pH 


FIGURE 4.1.1. Potential-pH diagram for the chlorine-water system at 25°C [6]. (With permission from 
NACE and CEBELCOR). 

are important in the context of chlor-alkali technology. Its reversible potential is 
represented by Eq. (29): 


o RT pch 


(29) 


where ^q-'/ci 2 standard potential, pch is the partial pressure of chlorine in the gas 
phase and a^j- is the activity of the chloride ion. Figure 4.1.1 is a potential/pH diagram 
for the chlorine-water system [6]. It should be noted that chlorine is hydrated and hence 
has a finite solubility in aqueous solutions. The solubility increases with increasing pH, 
as the dissolved chlorine forms HOCl and OCl", following the reaction schemes (30) 
and (31), illustrated in Fig. 4.1.2. 


CI 2 + H 2 O = HCIO + H+ + cr 

(30) 

HCIO = H+ + ocr 

(31) 


The standard potential of reaction (28) is available from a number of 

publications [6, 8-11]. Faita and coworkers [12] measured the standard potential of 
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FIGURE 4.1.2. Distribution of the components of active chlorine in the brine as a function of pH at 25‘^C. 


a CI 2 /CI electrode in the temperature range 25“80°C, using the cell: 

Ag/AgCl/L75M HCI/N 2 + Cl2(10%)/Pt-Ir (32) 

and found the potential to vary with temperature as: 

= 1.47252 + (4.82271 x T - (2.90055 x 10”^^ (33) 

These authors used low-pressure chlorine during the experiments to minimize the 
deviation of the Cl“ activity, caused by the formation of trichloride ions: 

CI 2 + Cr ^ Cl^ (34) 

Comparison of Eq. (33) with that proposed by Mussini and Longhi [11] in Eq. (35) 
showed the differences to be minor, within 0.05 V. 

£0 = 1.484867 + 3.958492 x lO^^ T - 2.750639 x 10“® (35) 


4,1.3,2. The Hydrogen Electrode Process. There are three oxidation states of hydrogen, 
as shown in Table 4.1.4. The hydrogen-water couple in solution at pH = 0, in contact 
with hydrogen gas at a partial pressure of 1 atm at a given temperature, is called the SHE. 
The electrode reaction is given by Eq. (36): 


H 2 = 2H+ + 2e 


(36) 
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TABLE 4.1.4 Oxidation States of Hydrogen 


Oxidation number 

Examples 



Metal hydride 

MeH 


Hydride 

H 

0 

Elemental hydrogen 

H2 

1 

Water 

H2O 


Hydroxide ion 

OH- 


Hydrogen ion 

H+ 


The Nemst equation for the hydrogen electrode reaction (36) is 


En = E'^ + —\n —- 

PW2 


(37) 


By convention, = 0. Assuming /?h 2 = 1 we have 


^ 2303RT ^ 

Eh = - z; -(pH) 


(38) 


since 


pH = -logaH+ 


At 25°C, 


£h =-0.059 pH 


The reversible hydrogen electrode potential decreases by 0.059 V with each unit of 
increasing pH, as shown by the dashed line in Fig. 4.1.1. 

In alkaline media, the H“^ concentration is low and hence, the potential-controlling 
reaction is: 


H 2 + 20H'‘ = 2 H 2 O -h 2e (39) 

When PH 2 = 1 atm and the activity of water is unity, the Nemst equation for reaction (39) 
at 25°C in IN NaOH solutions, assuming the activity coefficient for IN NaOH solution 
to be unity, is: 


^h+/H2 ™ ^h+/H 2 0.0591 logaQj^- (40) 

= -0.828 V vs SHE 
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The reversible potential for reaction (39) can also be calculated from Eq. (38) as follows. 
The dissociation constant of for reaction (41) 

H 2 O = H+ + OH“ (41) 

at 25°C is 10~ and thus the H'*' concentration in 1M NaOH is estimated to be 10“ M. 

Substituting pH = 14 into Eq. (38) results in: 

^h+/H 2 = -0.0591 X 14 = -0.8274 V vs SHE (42) 

which agrees with the value of £^h+/H 2 using Eq. (40). Thus, the reactions (36) 

and (39) are equivalent and the hydrogen electrode process can proceed through these 
alternative routes, depending on the operating conditions. In concentrated alkali solu¬ 
tions, there is no doubt that reaction (39) is operative. Also, reaction (39) may occur in 
dilute acid solutions at high current densities, when the transport of H^ from the bulk 
of solution to the cathode surface becomes a limiting factor [13]. 


4.1.3.3. The Amalgam Electrode Process. Sodium and other alkali metals have three 
oxidation states: hydride (NaH, —1), metal (Na, 0) and cation (Na"*", +1), where —1,0, 
-hi in the parentheses are the oxidation numbers. The reversible potential of the sodium 
hydride-sodium ion couple, given by Eq. (43), is —1,162V vs SHE. It is more positive 
than the Na/Na"*" couple, represented by reaction (44) and illustrated in Fig. 4.1.3. 


NaH ^ Na+ H- H+ -h 2e 


(43) 



FIGURE 4.1.3. PotentiaLpH diagram of sodium amalgam in 108 g L ^ sodium chloride solution at 25°C [6], 
(Courtesy of Marcel Dekker Inc.) 
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Na ^ Na+ + e (44) 

Since metallic sodium is unstable in aqueous solutions, the measurement of the 
reversible potential for reaction (44) is difficult. This was, however, overcome by meas¬ 
uring the voltage of a cell with sodium metal and amalgam as the electrode in an aprotic 
electrolyte, to ensure stability of sodium, as: 

Na/Na“^ in aprotic electrolyte/Na-Hg (45) 

The potential of the Na-Hg electrode was then measured in a separate cell containing 
the aqueous solution of sodium salt. The standard potential for reaction (44) thus obtained 
was —2.714 V [6, 8, 9] or —2.71324 V [14] at 25®C. The standard potentials for the 
reaction (44) in the temperature range of 5-40'^C were also reported [14]. 

The reversible potential of the sodium amalgam electrode 

Na(Hg) ^ Na+ + (Hg) + e (46) 

in the concentration range of 0.00001-0.74 wt% Na in 108 gL“’ NaCl is described by 
Eq. (47): 

^Na-Hg = -2.71 + 0.0591 log ^ (47) 

where and am are the activities of Na"^ and Na, respectively [15]. These values 
are depicted in Fig. 4.1.4 for various %Na levels in the amalgam. 



FIGURE 4.1.4. Ratio of the Na ion activity to that in 0.1% sodium amalgam at 80°C. Plotted from the 
data in [15]. 
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Two Other approaches [15] to determine the reversible potential for reaction (46) 
are as follows. The reversible potential for reaction (46) is given by Eq. (48). 

£Na(Hg) = -^SaCHg) + ^ (4g) 

^ r flNa(Hg) 

The standard potential for the reaction (46), £'Na(Hg)’ determined from the 

component reactions describing the overall reaction (46) as shown by the schemes (49) 
and (50). 


Na + (Hg) = Na(Hg) 

(49) 

Na(Hg) = Na+ + (Hg) + e 

(50) 

Na + (Hg) = Na+ + (Hg) + e 

(51) 


Reaction (49) represents the dissolution of sodium into the mercury, and 
reaction (50) describes the charge transfer process between Na and Na'^. Thus, we 
can obtain AG for reaction (50) as the difference of the AG’s of reactions (49) and (51). 

Alternatively, we may follow a different approach. When sodium amalgam, having 
the activity of [aNa(Hg)]o’ is in contact with a sodium chloride solution of unit activity, 
” E the reversible potential of reaction (46) is given by Eq. (52) or (53). 


^Na(Hg)o 

— -1- 

RT 1 

In 

(52) 

- ^Na(Hg) + 

F [aNa(Hg)]o 

^Na(Hg) 

= ■ENa(Hg)o + 

In 

F Y 

(53) 


where 


^ ^ ^Na(Hg) 
[aNa(Hg)]o 


(54) 


Equation (53) represents the reversible potential of the sodium amalgam electrode 
at any concentration, with respect to the same electrode at a specific concentration or 
activity. For example, the potential of the 0.1 w/o Na amalgam at 80°C is: 

^Sa{Hg) = -l-834VvsSHE (55) 

The relative activity of the sodium amalgam T, with respect to 0.1 w/o Na-Hg at 
80°C, is shown in Fig. 4.1.5. In a practical cell, the amalgam concentration is in the 
range 0.1-0.3 w/oNa, mostly 0.2 w/o. At 0.2 w/oNa, Y 3.8. Fig. 4.1.5 shows the 
activity coefficient of NaCl solutions. Thus, 


-0 

"Na(Hg) 


1.987 X 353.15 4.032 

= -1.834+--In= -1.822 V vs SHE (56) 


23,060 


3.8 
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NaCI Concentration (M) 

FIGURE 4.1.5. Mean activity coefficient of NaCl solutions [15]. 


The reversible potential can be evaluated from the Gibbs free energy [10,11,16]. 
Although thermodynamic data at 25°C are abundant, corresponding values at high tem¬ 
peratures are relatively few. DeBethune and coworkers published very useful papers on 
the temperature coefficients of electrode potential [17] and of enthalpy, entropy, Gibbs 
free energy, and specific heat at constant pressure [9]. 

Bale] and coworkers published a number of papers on the thermodynamics and the 
reversible potential of sodium amalgam in contact with Na"*" [18-27]. They measured 
the reversible potential of electrochemical cells consisting of 

Cl2/NaClaq/Na-Hg (57) 

Na(s)/NaC 104 , PC/Na-Hg (58) 

(PC = very dry propylene carbonate) 

and 

Na/Na'*", beta alumina/Na-Hg (59) 

and calculated the equilibrium constant of the reaction: 

Na(s) + mHg = Na-Hg^ (60) 

where Na-Hg^ is an intermetallic compound of Na and Hg. They estimated m to 
be 4, 5, 6, 7, 8, 9, 10, 12, and 14 with decreasing sodium content. The amalgam 
in a chlorine cell, which contains <0.3 w/o Na in general, is thus estimated to be a 
mercury solution of Na-Hg 4 . They evaluated the standard potential ^Na-Hg/Na+ 
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equal to —1.95584 V vs SHE at 25°C by extrapolating the potential vs concentration 
curve to zero concentration. The activity coefficient y^a-Hg of Na in the amalgam was 
found to be: 


log KNa-Hg = 16,393 ^Na (61) 

where jCNa is the mole fraction of Na. Balej also studied the temperature dependence 
of the potential difference of the cell (Eq. 59) in the temperature range 25-165°C and 
obtained 


AECr) = 0.84855 - 3.0326 x T - {2.3,026RT/F) 

X [logXNa + (20.8369 - 1.5737 x r).j:Na] (62) 

with a mean deviation of ±0.54%. 


4,1.4. Thermodynamic Decomposition Voltage 

In any electrochemical system, there are two electrodes, an anode and a cathode. 
During electrolysis, electrons are consumed at the cathode while they are gener¬ 
ated at the anode. The reactions occurring at the individual electrodes are usually 
called the component electrochemical reactions, the combination being termed a 
redox, or oxidation-reduction, reaction system. Let us now examine the component 
electrochemical reactions involved in the overall reaction. 

Zn + CI 2 Zn2+ + 2Cr (63) 

This redox reaction comprises two reactions involving the exchange of electrons: 

Zn -> Zn^"*" ± 2e (at the anode) 

CI 2 ± 2e ^ 2C1~ (at the cathode) 

A general rule that is particularly useful in computing the thermodynamic 
decomposition voltage, £’rev» of an electrolytic cell is: 

^rev = ^0,a “ ^0,c (64) 

where £o,a and Eo,c are the equilibrium single electrode reduction potentials at the anode 
and the cathode, respectively. 


4.1.5. Galvanic Electrolytic Cells 

Galvanic processes are spontaneous (AG < 0) when the reaction proceeds as written. 
Batteries and corrosion are examples of galvanic cells. Processes in electrolytic cells are 
not spontaneous and an external voltage must be applied to make the reaction proceed in 
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TABLE 4.1.5 Distinguishing Features of Galvanic Cells and 
Electrolytic Cells 


Type of cell 

Reaction at the more 
positive electrode 

Reaction at the more 
negative electrode 

Galvanic cell (produces 
electricity from chemicals) 

Reduction (cathode) 

Oxidation (anode) 

Electrolytic cell (produces 
chemicals from electricity) 

Oxidation (anode) 

Reduction (cathode) 


the desired direction. The differences between galvanic and electrolytic cells are noted 
in Table 4.1.5. 

Unlike the case of electrolytic cells, £rev for battery systems is expressed as: 

E'rev = “ ^0,a (65) 

Assuming unit activities at 298 K, E for the following reaction may now be calculated 

Zn + Zn^+ + Cu 

At the cathode: 

Cu2+ + 2e 

At the anode: 

Zn2+ + 2e 

Hence, 

Ertv = 0.34 - (-0.76) = 1.10 V (66) 

A more general definition applicable for any cell is: 

Erew = (reduction potential at the more positive electrode in the external circuit) 

— (reduction potential at the negative electrode in the external circuit) 

4.L6. Measurement of Standard Single Electrode Reduction Potentials 

The single electrode reduction potentials are measured with respect to the SHE. The SHE, 
which is based on the reaction, 2H“^ + 2e ^ H 2 on platinized platinum, is assigned 
the reduction potential of zero when the activity of the hydrogen ion is unity and the 
pressure of H 2 is 1 atm. Figure 4.1.6 illustrates the schematic for measuring the standard 
single reduction potential of Cu^'^/Cu and Zn^“^/Zn systems. 


Cu; Eo,c = 0.34 V 


Zn; Eo,a =-0.76 V 
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B 

FIGURE 4.1.6. Electric circuit for measurement of electrode potentials. A: Voltmeter reads +0.337 V at 
25°C. Copper electrode is positive with respect to SHE; B: Voltmeter reads —0.76 V at 25°C. Zinc electrode 
is negative with respect to SHE. 

The lUPAC has adopted the following conventions [2] for determining the electrode 
potentials. 

1. The cell implicit in the measurement of a standard electrode potential should be 
arranged so that the SHE is on the left (Fig. 4.1.6). 

2. The measured potential difference across such a cell gives the magnitude of the 
standard electrode potential. 
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3. The polarity of the electrode on the right, that is, the sign of the charge on the 
electrode, serves to define the sign that is affixed to the value. 

4. The charge-transfer reaction implicit in the statement of a standard potential is 
a reduction reaction, for example, CI 2 -h 2e —> 2C1”. 


4.1.7. Standard Reference Electrodes 

The measurement of an electrode potential requires the use of a reference electrode 
[2,28] to complete the electrical circuit (Fig. 4.1.6). The SHE is chosen as the primary 
reference electrode and its equilibrium potential is assigned the value of zero when the 
activities of and H 2 (g) are unity. Thus, the equilibrium single electrode potential 
values in Table 4.1,2 are relative, as they are measured with respect to the SHE, and are 
not absolute. 

One of the important attributes of a reference electrode is the “reversibility” (i.e., 
high io [Section 4.2]) associated with the electrochemical reaction setting up the potential. 
Thus, Pt is reversible for the reaction 2li^ + 2e o H 2 and a Pt-Ir electrode is reversible 
for the reaction CI 2 -h 2e CP. Reversibility implies that the Nemst equation is obeyed 
by the given system and that there are no parasitic reactions. The reference electrodes 
should have chemical stability in the electrolyte medium; that is, they should not corrode 
or deteriorate in the given medium. 

1. Standard Hydrogen Electrode: The construction of a SHE is simple as shown in 
Fig. 4.1.6. It consists of a platinized platinum electrode immersed in a solution 
of pH = 0. H 2 is bubbled continuously through the solution at atmospheric 
pressure. The equilibrium potential for the SHE described above for the reaction 
2H~'' -h 2e ^ H 2 is given as: 

= (pH = 0 . J-h, = 1) (67) 

If the platinized Pt electrode is immersed in a solution whose pH= 14, the 
equilibrium electrode potential would then be calculated as: 


RT 

Eq =-In 

^ 2F 




= -0.0591 pH 


= -0.0591 X 14 = -0.828 V vs SHE at 25°C 


( 68 ) 


Single electrode potentials for other couples, however, cannot always be meas¬ 
ured with a SHE. This problem may be overcome by using other reference 
electrodes. 

2. Calomel Electrode: The most frequently used secondary reference electrode, 
because of its availability at a modest price, is the calomel electrode, shown 
in Fig 4,1.7. The electrode reaction responsible for the potential of a calomel 
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Pt 



electrode is given by 


Hg 2 Cl 2 + 2e ^ 2Hg + 2C\~ 
The Nernst equation describing reaction (69) is 


(69) 


RT 

Eo ^ 0.268-In 

2F 


^Cl ^Hg 

ang^ch 


(70) 


Since ang = ^HgjC^ = 


R T 

Eo = 0.268 - — In(flci-) 
t 

= 0.241 V(at 25°C for a saturated calomel system) 


3. Silver-Silver Chloride Electrode: Another commonly used reference electrode 
is the Ag/AgCl electrode. The potential-determining electrode reaction for this 
electrode is given as: 


AgCl 4* e Ag “h Cl 


(71) 
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— the Nemst equation being: 


Eq = 0.222-in Aq- (72) 

F 

The reader is referred to ref. [28] which describes several other reference elec¬ 
trodes such as Hg/HgO electrode and glass electrode, which are useful in some 
applications. 
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4.2. KINETICS 
4.2,1, Introduction 

Treatments of all chemical reactions are based on both thermodynamic principles and 
kinetics, and electrochemical reactions are no exception. The latter are heterogeneous 
catalytic processes, accompanied by charge transfer at an electrode immersed in an 
electrolyte. 

The rate of a chemical reaction, v, represented by Eq. (1), 

A^C ( 1 ) 

can be described, following the Theory of Absolute Reaction Rates [1], as 

V = dCc/dt = ikTCA/h)expiAG^^/RT) (2) 

where 

k = Boltzmann’s constant (cal or J K~^); 

T = temperature (K); 
h = Planck’s constant (cal sec or J sec); 

C = concentration of the species noted in the subscript (mol cm“^); 

— free energy of activation (cal mol“^ or J mol“^); 
t = time(sec). 

Equation (2) can be recast as: 


V = ^*Ca (3) 

where 

k* = {kT/h)Qx:p{AG^^/RT) (4) 

in Eq. (4) is the concentration-independent rate constant in units of per second and the 
reaction rate v has the dimensions of moles per second per cubic centimeter. In electro¬ 
chemical reactions or electrode processes, the chemical reaction takes place only at the 
electrode-electrolyte interface, and is two dimensional, unlike the three-dimensional 
conventional chemical reactions. Therefore, the rate of an electrochemical reaction is 
represented by the conversion of chemical species per unit area of the electrode surface 
per second. Hence, the electrochemical rate constant has the dimensions of centimeter 
per second instead of per second. 

An understanding of the nature of chemical reactions requires the details of the 
elementary-reaction steps in which, the molecules come together, rearrange, and leave 
as species that differ from the reactants. There are two descriptions that deal with the 
rates of chemical reactions. The collision theory considers the concept that the reaction of 
molecules can occur only as a result of collision of the reactant molecules. The transition- 
state theory focuses on the species that corresponds to the maximum-energy stage in the 
reaction process. This species is called the activated complex or transition state. The 
transition state, denoted by the symbol A^ for reaction (1), is a short-lived species, 
which is converted to C. The reader is referred to [1-10] for a thorough discussion of 
the energetics involved in chemical reactions. 
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4.2,2. Electrochemical Rate Equation 

The rates of electrochemical reactions are directly measurable as currents, I. These rates 
are related to the chemical reaction rate v by 

/ = zFv (5) 


where 

V = reaction velocity (molcm~^ 

Z = number of electrons involved in the reaction 
F = Faraday constant 

The current density i is related to the measured current I by 

i = I/A (6) 

where A is the electrochemically active area. 

The kinetics of electrochemical reactions distinguish themselves from the kinetics 
of other reactions by their dependence on the potential, V, of the electrode referred to 
that of a reference electrode in the same electrolyte. Thus, when a potential is applied to 
a metal in contact with an electrolyte, the energy of the initial state of the ion or molecule 
and the electron in the metal at the Fermi level is changed by ±eV or VF per mole of 
electrons (i.e., 96,485 C), and the activation energy is altered by a fraction p of zbVF. 

P is around 0.5 dz 0.1 for many charge-transfer processes and is termed “the 
symmetry factor.” The significance [11] of changing VF in relation to illustrated 
in the schematic energy diagram Fig. 4.2.1, shows its effect on the activation energy 
or AG^ for the Gibbs free energy involved in the rate equation, p represents a 
fraction of the field which changes the potential energy of the activated state when there 
is an applied potential V across the interface. Thus, 

AG^ = AG*±/6VF (7) 


over a wide range of V. 



FIGURE 4.2.1. Effect of change of electrode potential, as VF, on energy of activation, of an electron 
transfer reaction in relation to the barrier symmetry factor, ^ [11]. 
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Let US now examine the rate equation for an electrochemical reaction involving the 
discharge of ions on a metal electrode surface, M, to form a M-H species, as: 

M + H++e|^MH (8) 

The basic equation for such a reaction can be written in the form: 

= ^fCH+,s(l - %)exp(-)SyF//?r) - 4ftiexp[(l - P)VF/RT] (9) 
zF 

where 

i = current sustained by the reaction (8) 

On = coverage of the electrode surface by the product of discharge, H 
Ch +,5 = local concentration of at electrode surface in the 
Helmholtz compact-layer region of the double layer 
k = rate constant for the process at a hypothetical V = 0 
f and b = forward and backward reactions, respectively. 

This equation is generally called the “Butler-Volmer equation.” 

The single electrode potential, V, cannot be measured. However, a practical scale 
of potentials can be defined if V is referred to the potential of a reference electrode in the 
same solution. A convenient reference electrode is one that employs the same reaction 
as the one under consideration, at reversible equilibrium. Then the V scale becomes an 
overvoltage {vj) scale, given by the equation (10). 

r? = V - Kev (10) 

The overvoltage is the driving force that pushes the reaction in a net forward direction. 
Substituting Eq. (10) into Eq. (9) results in: 

i=zF A:fCH+,s(l -6^)exp(1-Mnexpl - - - j (11) 

where kf — kf oxp(—fiVreyF/ RT); k\y = khQxp((l — p)Vj^QyF/ RT), kf and k\) being 
the electrochemical rate constants for the forward and backward reactions respectively. 
Equation (11) can be recast as (for ^ = 1): 



where 

io = A:fCH+,s(l - ^) = 

to is called the exchange current density and is the anodic and the cathodic current passing 
reversibly at the equilibrium potential (i.e., r] = 0). It is of great significance to note here 
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that the rate of an electrochemical reaction, besides being dependent on the temperature 
as in chemical reactions, is proportional to the exponential of the term containing the 
overvoltage. Thus, at 300 K and ^ = 1 /2, a change of 1V results in a change of the 
rate constant by a factor of 10^, or a change in the overvoltage by 118 mV will change 
the rate by a factor of 10. It may be noted that r] is negative for a cathodic process by 
convention. 


4.2.2.L Limiting Cases of Eq. (12) when ^ <$C 1. At small overpotentials, say, 
q <5 mV, and near-equilibrium conditions, the exponential terms in Eq. (12) may be 
linearized in a Taylor series expansion, leading to: 

/ = io[-r]F/RT] (13) 


Hence, 


—di ioF 


(14) 


Under these conditions, the “microscopic polarization” curve shows a linear dependence 
of i on r/, the reciprocal of the slope corresponding to an electrochemical reac¬ 
tion resistance, called the Faradaic resistance, having the dimensions of ohm square 
centimeter. 

When the forward rate of the reaction (8) is predominant at appreciable values of rj, 
the backward reaction rate can be neglected. This leads to: 


i = iocxp(-PnF/RT) (15) 

Equation (15), called the Tafel relation (after Tafel’s work in 1905), can be recast as: 

RT 

?7 = —— [\nio— Ini] = ablni (16) 

pF 


or 


= 


2.303RT 

PF 


[log j'o - log i]—a' + b' log i 


(17) 


where 


RT 

a = In /o and b = — 

pF 


RT 

Jf 


or 


a' = 2.303a and b' = 2.303* 



CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


99 


The derivative 


dt] dr) 

- or ^ =- 

8 In I 8 log/ 


(18) 


is called the Tafel slope* The slope \b^\ on a log / basis is about 120 mV at T = 298 K 
and p ==0.5, for a simple discharge reaction of the type depicted by Eq. (8). 

The magnitude of the Tafel slope depends on the rate-controlling step during the 
course of the Faradaic reaction and is generally of the form (2.303/?T /{n -h P)F) or 
(2303RT/mF), where n and m are integers. The former dependence arises when 
desorption of an adsorbed intermediate is rate determining via a further electron transfer 
step and the coverage of the ir^ewnediate i-s potentiaf-deipendent and follows an elec- 
trosoiption isotherm. The teer is a eonseqnence of a noneleoirochemical desorption 
step involving the recombination e f a^isofbed intermediates or dissociation of a radical. 
The value of n can range from 1 to 2 and m vary from 2 to 4. When coverage by an 
adsorbed intermediate is potentiaFdepefKilent,l!he Tafel sloipecan be written in the form: 

diog/ _ 1 _ dlog^ ^F 
dV dV ^ 23m RT ^ 

where the first term is the logarithmic derivative of the adsorption isotherm and the 
second term arises from the potential dependence of electron charge transfer through the 
symmetry harrier. 


4.23. Tafel Slope ancl Exchange Current Density 

A knowledge of the magmrude'of the Tafel slope andfheexehar^'eurrent density for any 
given electrochemical reaction on a given substrate is essential not only for understanding 
the mechanistic aspects of the electrochemical reaction but also for designing electrode 
structures and compositions to achieve low cell voltages. For the latter purpose, it is 
desirable to have high /q and low Tafel slope, as this would permit operation at high 
current densities without signidcant voltage penalties. In this section, the Tafel slope 
expression for the hydrogen evoferion reaction (HER) will be deduced on planar surfaces 
and porous matrices, followed by a discussion the complexities associated with the 
Tafel slope. 

4.2.3.1. Tafel Slopes for the Flydrogen Evolution Reaction (HER) on Planar Surfaces 
and Porous Surfaces. The HER is generally believed to follow the reaction pathways 
noted below. 


M + H+ + e ^MH 

(Discharge or Volmer step) 

(20) 

MH + MH ^ 2M + H2 

(Recombination or Tafel step) 

(21) 

MH + H++e ^ M + H 2 

(Electrochemical desorption 
or Horiuti-Heyrovsky step) 

(22) 
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The initial step, reaction (20), in the HER is charge transfer, leading to the formation of 
an adsorbed intermediate MH containing the metal M. The MH can either recombine to 
form molecular hydrogen by reaction ( 21 ) or interact with H'*" and an electron to form 
hydrogen by reaction (22). The former step is termed the recombination or Tafel reaction 
and the latter, 4he electrochemical desorption or Horiuti-Heyrovsky mechanism. 

The rates of reactions (20)-(22) can be written as: 




(23) 


= -0) ■; 

(24) 

where 




y- L, , . 

k^Cn It; 

(25) 


V2 = - ^- 2(1 - 

(26) 


- k2e^^^(0^ -X) p; 

(27) 

where 

Tl 



h 

(28) 


V3 = - k-3(l - 

(29) 


= - A) 

(30) 



(31) 


where V\,V 2 , and U 3 represent the electrochemical reaction rates for the reaction pathways 
(20), (21), and (22), respectively. In these equations, F/RT is written as /?, and Ch 
refers to the concentration of the reactant H"*; ions. The ksin the above expressions refer 
to the rate constants for Eqs. (20)-(22), the negative sign representing the backward 
reaction step, and are equal to kf cxp(PihErcw)y E to the electrode potential, and 
and ^3 to the symmetry factors for the forward reactions of ( 20 ) and ( 22 ), respectively. 
The exponential terms in the rate equations have been written with a positive argument 
for the cathodic direction of the HER, for the sake of convenience. The quantity g in 
Eqs. (23)-(31) represents, in RT units, the change of the free energy of adsorption under 
Temkin isotherm conditions of adsorption [ 12], which accounts for the heterogeneity of 
the surface with no molecular interactions between the molecules. 

The total current density, /, can be described under steady-state conditions, based 
on charge and material considerations, as: 

4 = U] + 1^3 = 2(i;2 + V3) 

F 


(32) 
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One can now define the Tafel slope, b\ as: 


1 _ /ain/\ _ 1 / \ 


(33) 


Using Eqs. (32) and (33), the expression for the Tafel slope may be written in the form: 


1 

b 


[[{dv\/dE)o + {dv^/dE)Q]c^ + [{^V\/dO)E T e]c^ {d0/dE)c^\ 


v\ + P 3 


(34) 


where (80/dE)c\i can be obtained by the steady-state material balance Eq, (35) for the 
adsorbed intermediates, for the reaction scheme represented by Eqs. (2())-(22). 

80 

y-~=0 = v\~ Ivi — (35) 

8 / 


y — ^/niax/F 


^/ma\ in the above equation refers to the saturation coverage by the adsorbed 

H species. 

Equation (34) shows the expression for the Tafel slope to be complex, its value 
depending on the characterizing parameters involved in the various reaction steps. How¬ 
ever. one can obtain limiting values by making assumptions regarding the magnitude 
of the sN'inmelry factoi’. the interaction energy betw een the adsorbed MH species and 
the magnitude of the coverage by the adsorbed MH intcrmedia.ic. Reference [ 13] gives 
the detailed derivation of the generalized expressions for the Tafel slope and reaction 
order for the HER. 

The limiting expression when the recombination reaction (the Tafel step) is the 
rate-determining step can be shown to be: 


ET [ I -hyOil ~0) 

F [2(1+g(^)(l -(f) 


(36) 


when g = 0 and 0 0, /? := RT/IF and when 0 1, f ^ oc. 

When the electrochemical desorption mechanism (the Horiuti-Heyrovsky step) 
becomes rate controlling. 


F L^ + d 

Thus, when g — 0 and = 0.5, b = 2Rr/3F for 0 0, and b =- 2RT/F for 0 ^ 

Schematic Tafel relations when each of the steps noted in Eqs. ( 20 )h 22) becomes 
rate determining are depicted in Fig. 4.2.2. The Tafel relationships deduced here describe 
the current-voltage behavior when the HER is proceeding on a planar surface. However. 
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FIGURE 4.2.2. Schematic Tafel relations for rate controlling: (Ja)r dijscto^;; (1?); 
desorption; and (c) recombination at 25®C [11]. 


TABLE 4.2.1 Limiting P 0 FO 03 

Electrodes for Sefeenaos 



Planar electrodes 

Porous electrodes 

Reaction scheme 

0 

t 

0-> li 

1 


A++e*iTAads 
Aads + e ^ B 

2RTfF 

2RT/W 


4RT/yjf 

A"^ + e ^ Aads 
slow 

2Aads ^ B 

RTflF 


m/;f 


A+ + e ^ Aads 

Aads + A + e*lTB 

IRT/'^F 

2R'7JfF 

4m^if 

4MfFIF 

A"*" + e ^ Aa(js 

Aads-"B. 

RT/F 

00 ^ 

2RTIIf 

Nnn-Tkfeb' // Q(< 


!)ipte: 

^*‘Saturatipn!’ pr potential independent limiti- 

Source: peow^PHiffptp The Electrochemieali Society, Inc. 


i| tihje, HER i;5. QQQUffln§. on fm9m niatrix, tb^ wi-Ui 

Qoi^iflM.. bfev^Riibeless, it is fimMc to deinivQ- ubi^ 
a ^ijijodel [ 14] for ^ |>ofou& ^OQtrodie. These residts, presesr 

te4 iift Tybb 4,2.1,, sfeiow doubling of the Ibfol slt^s when the slow step involves an 
electron-transJfer step, and “quadratic” behavixi^, op linea^fily of;? in when a chemical 
step becomes rate controlling. 

Thiedi^cvission presented above assumes that the same mechanisjp prevails whether 
thC' reaction is; oeetWM^ on* a 0 ^- a porous; surface. However, it is; possible that 
tbe mechanism or the slow step ou: a porous or a high surface area electrode is different, 
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4i.2!.3i. (^t?m|^riipor?i {^l^iii^tion data for the HER on thriee* tiyp^ ofi Pt: smooth Pt andi 

tWO; hf i^hr^ri^i m^t^iija^p., []li^]f. 



4^2.4. QomparisoniOfilfOliarization data for HER onivai'ious. Nj elpQtfodes and pure Fe [151. 


far This behavior is exempllii®ed in Figs. 4.2.3 

^lij[J4.2.4Ni and Pt surfaces. 


Thus,, showii) aitexQ',, the magnitude of the Tafel slope depends on the surface 
morpbolog;y of tJii^ cjfectfiodp material and the reaction mechanism. In addition, it is 
ateo. ai ftinction of tcmpotalMrov. deviating from the expotj^l dtocct poportionality and 

iin. aJtel^R^ mediiai)) or iindependent of tempeFature (o.g., Br2 evolution on pyrolytic 
gHapJliife froFn sojliifens). A detailed discussion of this, i&snc is beyond the 


Xte purpose' of addressing these variations of Tafel slopes, te to emphasize that it 
iis sgbfe tO)esj-feiitt det^mitie the magnitude of Hie Taftl! slopo under the desired 

conditions; tJfta*^tO)t^ettei^ftom!tl^ ExtMapolation& can result in erroneous 

valjoes, leadijl^t^i^ors in estimaidiag the cell voltage feom its components. 
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4.2^4i Rate Equatiofit Under Mass Transfer Control ; 

The electrochemicar rate equation presented in Sections 4,2.2 and 4.2.3 is applicable 
when the electrochemicat reactions are under activation or kinetic control. However, 
when mass transfer of the efectroacfive species becomes rate controlling, the rate equation 
requires modification, as shown below. 

The mass transfer of an ionic species from the bulk of the solution to the cathode 
surface during its reduction, is controlled by two factors, migration and diffusion [16]. 
Thus, 


U = Urn + Ud 

(38) 

XC i i 

~ ~ 

K F F 

(39) 

Ud = -D — 
dx 

(40) 


where 

V = flux or reaction rate (mol cm“^ s“ ^) 
t = transport number 
X — distance (cm) 

C = concentration (mol cm“^^) 

D — diffusion coefficient (cm" s“ *) 

A — equivalent conductance (mhocm““g eq“^) 

K ~ conductivity of the solution (mho cm“^) 
m and d (in the subscripts) = migration and diffusion, respectively. 

When the solution contains supporting electrolyte, the contribution of migration to 
mass transfer is small. Hence, the flux, u, or the current density, / , is a result of diffusion, 
since the charge-transfer step is considered to be fast. The concentration at the 
cathode surface, Cs, decreases under these conditions as shown in Fig. 4.2.5. Assuming 
a linear distribution of concentration in the diffusion layer thickness 5. we have, at steady 
state: 


Equation (41) shows that the reaction rate is highest when Cs approaches zero. Since 
i — nfv, Eq. (41) can be rewritten as: 


= nFD 


C-Cs 


(42) 


and the maximum current density is 


/l = nFD 


C 

S 


(43) 
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FIGURE 4.2.5. Concentration of species 'near the diffusion layer. 


Thus, 


= I 

IL C 


(44) 


where /‘a is the current density controHed hy diffusion. It is clear that /f is the maximum 
cunent density when Cs — 0, and this is called the limiting current density. 

Since the charge-transfer step is assumed to be nearly reversible, the Nernst equation 
can be applied: 


By convention. 


£ = + 
£' = E^ + 


RT 

—- In C at / = 0 
nF 


RT 


In Cs at i = /a 



(45) 


Substituting Eq. (44) in Eq. (45) results in: 


nF V II) 


(46) 
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This equation sh0!ws (dh«t >tj feeoeasies iifiiHite '^hwi % a(fp<0atft«ss OtL-. S<te«i6itt«g 9fcfc 
following data for the cathodic i0f iOfi)p{)er tl<0® adSMtei 'Sitil&ite 

solution, 


C = 10 ^molciii^^ 


iJiEq. (43), we ca»‘t^kttte(ieitetjhikft3ftess(ef'titeiS®ji^hllj^ 




2 ?i: %,300^ 


ilv-'S 


n-3 


10.112 








The thio^3ftess of iht ^ttiWusioin layer is ^ener^Ily in the range f cm, depertlig 

on the hydrodynajj^ ‘conditions ^ 4he ‘efed»de==<eileotroiy4e iflteitface. 

We iftm'y‘'now consider the dffiect of ™gradon‘Onithe‘Ct«tft<te 
described as fcWo^. Since the coittrfbntion to the total Cttttiteni its from cfiiBosioii wA 
migration. 


'tt^hetre iitn «<e ttee 'oaweHts asawiaitei wiaih w^raiiion and iteggeiah^itSi, 

and <1^ its dhe >etedaik: fteftd «» vdfts iper loeiMimeiter. The currswt utensitjc i, «aft siftsei 
desoitfcediby ithe conveifliioina'l'rate e^fiMrtkJh, without any coverage'e'ffedts, as; 

i = io |ex|>(/^i))) “W 

where/f ■s:.'im/r Ss'Jbeitransp<9Kiwofflteet,andCs is the<ssnc0?iiratoh>efiiheiteiwk 'g|^^ 
of interest at‘ihe^dtediirode ^tface. Allso, f ^ iand ,f' ^ <1 

Substituting ^ = 1 4ft Eq. (48) resuiks4ft‘: 


11 + <ii 


m) 


If mass transfer is fast, and’the reaction step is'^low, EqJ^-^^Dlbecomes: 

a -== ii^[^^(fitj)) c'iKg!)((—/%)!] ((56)) 


when (1 — t)^c\p(—fT]) <$c 1, which agrees with Eq. (Il)/Ofi’^hecofttrary,f0riaiiftass 
transfer-controlled process, when (1 — r)T^ exp(-/^;?) ^ 1, F/RT, 




-^4 

1 ~t 




11 


‘(SID) 
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4.J 


(52) 


Th^ reaotiiojlg^ a^'B^tevacice to chlor-alkali operations are the CI 2 evolu- 

tte Sfe ^xolmihon reaction, the O 2 evolution andi neduction reactions, and 
tte ©or aiwJ Ol©^ nea^^ijons. It is important to understand the mechanistic 

%^^3^iteollv^|i^^tftl^I^eaction!^on^te^bsl3ja^.O^ that are currently U3ed in the industry, 
tm ofam^ion qS tJte reaction ral^. mdi to* aidj in tftc further develop- 

etectEodfe inalscri^tte, ta this conte:x(tl,. ift fe relevant to examine the 

efcotiioeatellytiic- i^ollyedi to* ai ^xen etetiioctorwicaJl reaction. 

BteCtiioeail^lJC'Si^ mm ^ dfesetiteii ^ ^ aWfcty of 'Ate^ electrode surface 

tO) atel' tjlo rates^ of the reactions, as reflected? hy the changes in the magnitude of the 
exchange QUimcnt vxiithi the type and nature of the substrate in a given medium. 

Thfe section! wM\ pesent the Ctinr^it status of our under^>todi,ng of the electrocatalysis 
of'^ie reactions of interest to> us; [j^ 

lit runst be emphasii^edl that elucidation of the reaction mechanism requires, n 
kuo^^dledge of xariious. panaweters, including the Wei slopes, reaction. oxi<M%. aiwi stofr- 
ehiiomet^e uujmheiis, Gompleme?jtted by an independent determination) of the surface 
coxera^fey the adsorbed intermediates. All these parameters shouidibe consistent with 
the postulated meehaitiism However, most kinetic investigations focus » one parameter 
tO)pOposether^etion) mechanism, more specifically, the rate-determining step involved 
iiUi the Gv^^Jl r^etiom. Thte approach would certainly lead to dubious conclusions. 


TJi^ Ifiydrogen Evolution Reaction (HER), The HER is the* most thoroughly 
examinedi reaction) from: a fundamental viewpoint and, as noted earlier, it is generally 
accepted tO) feJtex the: palhiways described by Eqs. (2{)r-22)v Starting from the basic 
^tectiiOCbemfeaJl rafie ^patidm. if can be shown that the e^chaU)^ current density is 
reJafedi to the ftee energy of activation of H 2 on a given me^ surfi^e, and the free 
ener^^of aetiVatidn at the reversible potential, AG^, 

,0 = ke*^{\ - 0 *)(^-P)q^gI ( 53 ^ 

k ^ ai constauitj,. ^ ii^ the symmelry factor, and 0^^ is die xaJtee of'the coverage, 0 , 
aft tile: re^ersiftfe poti^tiall governed by the aifeorptidni isotherm Hnder Langmuir 
isodtem conditions, the isotherm is given by 


= PH 2 exp(-Ag7/:r) 


0 


2 


(54) 
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where is the hydrogen pressure and is the standard free energy of the 
reaction: 


H 2 + 2M ^ 2M-H (55) 

From Eqs. (53) and (54), it follows that: 



1/2 / 

0 

< 

1 

^ - 

h = k 

PH 2 ( 

. 2 kt )\ 



1,1/2 / -^ 8 ^ 

I + Ph, 


- 1-1 


AG; 


(56) 


Equation (56) shows that the io value depends solely on the coverage by the adsorbed 
H intermediates, which is related to the free energy of adsorption of H on the metal, M. 
When H is Bound To the metal strongly (i\e., Ag is negative) or when the H is weakly 
bound (i.e., Ag° is positive), the io or the reaction rate at equilibrium becomes small, 
the maximum Iq value being realized when Ag® — 0. These conclusions of Parsons [21] 
>vere shown to be in agreement with experimental data (see Fig. 4.2.6) when the io values 
were plottec^ as a function of the M-H bond strength. Thus, the Pf group metals, having 
^ 0, exhibit maximum io values, the sp metals with very weak affinity for H showing 

the lowest io values. The d'^s^ metals, Cu, Ag, and Au and the transition metals, Fe, 
Co, and Ni, at which an oxide film forms, inhibit the adsorption of H, and thereby, show 



FIGURE 4.2.6. Volcano plot for log /q values for the HER,as a function of M-H bond strength [20]. A; p-block 
and d-electron rich metals; weak adsorption of H to form under potential deposited H (UPD H). B: Fe-group 
and nobfe nie^als^; stfbfngfer adsoiption of H tharf dh’group A-met^s. di-Pt-gfoiip metals; weak adsorption of 
H oh'UPD metals; strong adsorplIiort'Of H and'ihtdrstitial’absorption of H forming hydrides. (With 

permission from Elsevier.) 
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intermediate io values. The metals on- which the HER occurs.at the metal-hydride phase, 
covered by barrier layer oxide films (Ti, Ta, etc.), also show low Iq values, as H is too 
strongly bound to the metal surface. The plot shown in Fig. 4.2.6 is called a volcano plot. 
These plots have several implications as to the mechanism of the reaction [19-21]. 

A casual look at the volcano plots for the HER leads to the temptation of developing 
a catalyst by mixing the metals on either side of the volcano curve to mimic the per¬ 
formance of the'Pt-group metals. Qualitative concepts about electron ‘^spill-over” from 
one component to the other at the monocrystal grain boundaries, or transfer of adsorbed 
intermediates from one side to the other, could suggest the possibility of such an effect: 
However, the theoretical analysis of Parsons [22] showed that, for practical applications, 
almost no such benefits accrue. It was concluded, based on a rigorous analysis, that it is 
almost impossible to produce a good electrocatalyst from two poor ones when only one 
adsorbed intermediate is involved in the overall reaction. This appears to be generally 
true based on experimental observations in the case of nickel during the course of the 
HER in alkaline media, as no enhancement in io was observed when nickel was alloyed 
with various Pt-group metals, transition metals, and others. It should be emphasized 
that these evaluations should be made on a common basis, ensuring that the surface 
morphology and the surface area are the same on all the electrode matrices. 


4.2.5.2. The Chlorine Evolution Reaction. The anodic reaction of most interest to the 
chlor-alkali industry is the chlorine evolution reaction. The thermodynamics of the 
CH-CP reaction at equilibrium 


CH +2e“ ^ 2Cr 


(57) 


are well established [23]. Detailed data for this reaction at various temperatures and for 
other equilibria involving CI 2 , CP, and oxy anions of chlorine are found in refs. [24,25] 
and also in Section 4.1. 

Oxygen, with a lower standard reversible potential, should evolve before chlorine. 
However, the exchange current densities of the CI 2 evolution reaction on noble 
metals [26] are usually substantially greater than those of O 2 evolution. Hence, CI 2 
evolution is the predominant reaction during the electrolysis of saturated aqueous chlor¬ 
ide solution in the pH range of 2-5. Furthermore, the chlorine evolution reaction always 
proceeds, in aqueous media, at electrode surfaces that are covered either partially or 
completely with an oxide film. Therefore, the state of the oxide film on which chlorine 
is generated and its properties (i.e., growth characteristics, CP ion adsorbability, con¬ 
ductivity, and catalytic influence) play a critical role during the course of the chlorine 
evolution reaction. 

Several reviews addressing the polarization behavior, CP adsorption, competition 
between CP adsorption and OH~ codeposition, oxide film formation and CP ion dis¬ 
charge, as well as the kinetic aspects on oxide-covered and oxide-free surfaces have been 
published. Section 4.5 reviews the mechanistic aspects of chlorine evolution, focusing 
on the nature and characterization of the adsorbed intermediates [26,27]. 

The chlorine evolution reaction proceeds on an oxidic surface covering the base 
metal substrate. Denoting the substrate covered with an oxide film as S-0, the various 



110 




steeps involved diti^Kg ^ CT ^ 

tejnifoindlogy desortteiig 

S-O + <31^ ^ S=*GM01 +‘t (discharge) 

2(S-0-Cl) ^ i- (recombination) ^(S9) 

S-O-Cl -j- CP S-O + CI 2 4- e (electrochemical desorpiioii) (iO80) 


These pathways essentially t!he ^^tfilfie as those proposed for the HER. HOWevOr, %it 
possible slow steps describeid Ifey ‘the reaction schemes (59) and (60) cannot expteSfli 
the reaction order of 1 with respect to the CP ion observed experimentally with^She 
RnG 2 4- Ti02 el6dlllotes,iahd hence, this scheme was abandoned. An altemativep^hway 
[28] that explains ftt^t-order reaction with respect to the chloride ion involves the 
adsorbed intermewSiate S^-Cli^. 


S-O 4" Cl S—O—Clads 4” c 


S—O—Clads ^ ® 


S-0-C1+, + cr =»■ + CI 2 

08 S)) 


Reaction schemes proposed to explain the similar <<Moride ion reaction order [27-,^^] 
ate '<iisca^se4 an Section 4.5. However, additional investigations [27-31 ] have revested 
deCieastoig currents with decreasing {M, implying a l<eaetion order of — 1 to —2 >Wilfti 
which lead to the suggestion of the followWig’mechanism on Ru02-based 
electrodes: 


^ + «++<fe 

(m) 


(d^ 

+<01^ s+H/o + CI 2 



The observation cf the negative reactkWi wder for the chlorine evcltiticift ’i^eaddofi wH’Ch 
respect to the H'^ ions is a que^Hkuniftfteissue [33]. 

A wide variety<ef<oxide mfifteiMslhave^)e0fteX‘afniified’asJ^db^^ 
evolution reacti^ fed??! a 

during the course <6f this readdiein. of thesesolutioms^ai^e 
presented in Tabk4^^2a[l0ttg WatthtehepOstoato^ step. 

■Irrespective of ireadion 'sdheme is ’ibe step 

the CI 2 evoilutioni 9eacft?km, it 4s <otevi#Oius ^t ‘the '"^-O-Cl” spectes is invoUved in <the 
rate-controlling pA, ^ Ch evotafein railways occars <091 a '^aifaoe ^t -is <cofvei^ an 

oxide film, with anioffis a^sott^joi <oin ih. te is therefore teasotniWfe, as in the case of fhe 
HER, to relate the ‘in f®** Ac CI 2 evdhtffifOft ^<eacdioili to ittee feond '^tren^ <otf the adsorbed 
intermediate, whikfcp<e$wniiite the S-©=0'^pedifes.T^ shows a comparison 
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TABLE 4.2.2 Kinetic Parameters For the Chlorine Evolution Reliction (from 5M NaCl 

Solutions at 25'^C.) 


HlccTnxic material 

/() 

(A cm “) 

Tale! slope 
(mV) 

Refs 

Postulated mechanism 
( Reaction #) 

Pi 

8.5 X K)-' 

72 

34 

59 or 60 

Ir 

6.4 X 10- 

76 

34 

59 or 60 

Rh 

3.9 X 10 

90 

34 

59 or 60 

Pl-Ir 

(70:30; smooth) 

0.85 X H)-’ 

86 

■14 

59 or 60 

Pl-Ir (70:30; 
ihermtilly formed) 

3.75 X 10 

36 

34 

59 or 60 

Ru 

0.2 X 10 

38-40 

34 

59 or 60 

TiO: + RuO: cmTi 

1.25 X 10 " 

40 

34 

59 or 60 

Vitreous carbon 

0.3 X 10 ’ 

120 

34 

58 

Graphite 

1.2 X K)--' 

40-120 

34 

59 or 60 


5.5 X 10 

85 

35 


Ti02 

4.0 X 

30-120 at 
high overvoltages 

36 

58'^ 

IrO: 

1.17 X 10 

40 

37 

60 

RuO:(30) + Co;, 04 ( I0)+ 
TiOT{60mo]^'f ) 

--10-^ 

-40 

38 


Ru(),4Pt{).:X eo..iG: 

3.0 X 10 

32 

39 

66 

Rud.PIotO: 

1.0 X 10 - 

31 

40 

66 

Co 3 (>4 (therma 11 y ft n'med) 

8.5 X 10-^’ 

40 

4! 

S-OH, 4 Cl = S -OH.CI 
S-OH 2 CUS-OHCI b IT +0 
S~OHCI S-(OHCI)^ 4-e 
S-COHCD" -bC) =:S-OHf -bCL 


TABLE 4.2.3 Comparison of Some to Values for the Chlorine 
Evolution Reaction and A// Values for Cl Bonding (From Ref. 26) 

Substrate 

AHso-C’l 
(kcal mol“') 

Af/.M-CI 
( kcal mol *) 

(Teal mol ) 

U)g /() 

{A cm -) 

irOs 

21 

91 

65.127 

-1.4 

MnOs 

64 

87 


-2.2 

Ru02 

30 

80 

256 

-2.2 

TiOs 

1 15 

109 

15 

-4.4 

C (graphite) 



31-35 

-3.6 


of log /() values and Af/so-ci A//m-ce calculated using Pauling’s formula, with 
the electronegativity values for binary oxides estimated by 


A//m-ci = + 23.06(xm — Xci) (67) 


where Omm ^\lC] refer to the dissociation energies of the metal lattice and of CL, 
respectively, and x refers to the electronegativities. The electronegativity of the oxide is 
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calculated from 


XMvO, 


yXM + zxo 


( 68 ) 


The calculated A//m-ci and A//so~C] values are compared [26] in Table 4.2.3 with the 
experimentally determined values of heats of adsorption of CI 2 on various materials using 
flash desorption spectrometry. The lack of agreement between the experiment and the 
calculations clearly indicates that the substrate-chloride interactions are more complex 
in character than presumed here, and that there is no obvious correlation relating the 
electrochemical characteristics to the simple metal oxide-chloride interactions. 

Several electrocatalytic correlations have been developed based on limited exper¬ 
imental data. These include the dependence of the rates of the CI 2 evolution reaction 
on M-Cl dissociation energy [42] (Fig. 4.2.7) and d-band vacancy [43] (Fig. 4.2.8), of 
Pt -h noble metal alloys. 

In addition, a qualitative description [37,42] was also proposed, hoping to find a 
relationship between the CI 2 evolution mechanism and the catalytic activities of oxide 
electrodes (e.g., Ru 02 , Ir 02 , WO 3 , and Ti/Pt 02 ) by taking into account the chemical 
and physical properties of these oxide electrodes. It was proposed that the active site 
on the electrode is a Ru center and that a Cl“ ion is adsorbed on the “Ru-OH” site, 
thus completing the Ru'^"^ coordination shell. The CI 2 evolution mechanism involved 
the interaction of the electrode surface with adsorbed Cl atoms. Thus, if the electrode 
contains a transition metal cation with partially filled bg levels and empty eg levels, 
as in the case of RUO 2 and Ir 02 , electrochemical desorption (Eq. 60) becomes the 
rate-determining step. However, if the transition metal cation has a half or just filled 
/ 2 g, and partially filled eg levels, as in the case of Ti 02 -“Pt 02 ,” it is suggested that the 
recombination step (Eq. 59) becomes rate-limiting. Table 4.2.4 depicts these conclusions 
for some metal oxides during the CI 2 evolution reaction. 

Summing up, there is no satisfactory relationship as yet relating the /q to either the 
mechanism or the chemical nature of the oxide and the “oxide-adsorbed intermediates” 



Dissociation Energy of M-CI (kcal moh^) 

FIGURE 4.2.7. Relationship between exchange current density for chlorine evolution and the dissociation 
energy of metal chlorides, (a) Pt; (b) Pt/Ir 10.1%; (c) Pt/!r 15.2%; (d) Pt/Ru 17.6%; (e) Pt/Ru 17%; (f) Pt/Pd 
24%; (g) Pt/Rh 32.4% [42]. (With permission from Elsevier.) 
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cf-Band Vacancy 

FIGURE 4.2.8. Dependence of the rates of chlorine evolution on J-band vacancy at various Pt alloy surfaces 
at three potentials (V vs SCE). (a) Pt; (b) Pt/Ir 10.190 (c) Pt/Ir 15.2%; id) Pt/Ru 17.6%; ic) Pt/Ru 17%; 
(f) Pt/Pd 24%; (g) Pt/Rh 32.4% [42]. (With permission from Elsevier.) 


TABLE 4.2.4 Summary of the Reaction Mechanisms and /q Values^' 
for the Chlorine Evolution Reaction as a Function of ^/-Electron 
Configurations at Various Electrocatalysts 


Electrode 

Tafel 

slope 

Slow step 
(equation #) 

^-Electron 

configuration 

h) 

(mA/lOO pF) 

Ru02 

2RT/3F 

60 


0.118 

lr 02 

IRJPF 

60 


0.39 

Eu() 3 WO 3 

2RT/3F 

60 

cf^ or (/ 2 »)-^' 

0.019 

Graphite 

IRT/^F 

59 



Pt-Mn 02 

RTjlF 

59 

(Cg)' 

0.41 

Ti-Pt 02 

RTjlF 

59 


0.55 

iA). 6 Sr(). 4 Co 03 

RTflF 

59 


0.433 

LaNiOi 

RTflF 

59 

%g)‘ 

0.144 


Note: 

‘O'o expressed as rnA/lOO iiF of double layer capacitance and hence real area. 
Source: With permission from Elsevier. 
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participating m ^ Cl^ reaction, Fnrthertnore, tte ijiiecbaBism of tfcife rea^^ticMa 

i^ yet to be elncidated- in an uneq?uiyocal tnanner, as there are several questions that need 
to be Qteinifiedl ©vest tbongh the anodes have beeni in commercial use 

for many years, and^ have been the focus of fimdamenlial investigations [27,3233]. 

4.Z.5.3.. The Sodium Amalgum Reaction. The deposition, of sodium: ions onto mercury 
from a concentrated NaCl solution,, given by Eq. (69), proceeds rapidly at low 
overvoltages [43]], as^ can be seen in Fig. 4.2.9i. 

Na+ + Hg + e Na(Hg) (69) 

However, at very high current densities, the forward and backward reactions of Eq. (69), 
that is, the anodic and cathodic reactions, are limited by the diffusion of Na and Na"*" in 
the amalgam and the solution, respectively. 

A schematic profile of the concentration of Na and Na"*" under these conditions 
is shown in Fig. 4,2.10^ Thus, when the amalgam electrode is polarized cathodically, 
one will observe limiting currents, as may be seen with the data for the 0.0002% Na in 
the amalgam. During anodic polarization [44] of the sodium amalgam, the sodium ion 
concentration, CNa(*^)» decreases with increasing current density, ultimately reaching 
zero at the maximum current density, as: 






km 


On the other hand, during the cathodic reduiCtion of Na"*", thic^ COiftCCUftraAioni of 

Na"*^ ion, Njyj 3 + (5), diminishes and approaches zero at the cwent density (c), which 


(A/dm^) 



-50 Q 50 100. 150 


(CATHODIC) Current (juA) (Anodic) 

FIGURE 4.2.9. Polarization curves of sodium amalgam electrode in 50% NaOH [42]. 
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amalgam. solution: amalgam solution 




FIGURE 4.2.10. Concentration proiile of Na and Na"^ near the interface between sodium amalgam and NaCl 
solution. 


is expressed by the equation: 




FDNa+CNa+ 

^Na+ 


(71) 


whei^e O is the diffusion coefficient aad S is the-diffusion feyer thi-ckness, the subscripts 
Na and Na^ representing the amal'gam an)d soktion, respectively. 

Since Na"*" ion deposition onto a mercury cathode is a mass-transfer controlled 
reaction, the overpotential for Na"*" deposition is (cf. Eq. (46)) 



la 



At a constant potential, 1 — (i/ iO is constant, that is. 


I — //ii = k 


ill) 


(73) 


or 


i = (1 - k)i\^ 


(74) 


Since the thickness, of the diffusion layer, 5, near the working electrode is inversely 
proportional to the square root of the Reynolds number. Re, or the flow velocity, in a 
pipe, we have: 


nFC 


<x nFC Re^/" a nFCu}^'^ 




5 


(75) 
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Hence, 


i = k*C Re'/^ = k**Cu^^^ (76) 

where k* and k** are constants and Rc = ud/v, d being the diameter of the pipe and 
V being the kinematic viscosity. 

The current is proportional to the square root of the flow rate of the mercury in 
the amalgam type mercury cell [43^6]. In practical cells, mercury flows on a steel 
plate bed from the inlet to the outlet along the trough as illustrated in Fig. 4.2.11. The 
velocity of mercury flow is almost zero at the cathode bed because of wetting of the steel 
by the amalgam. Therefore, there is a rapid variation of flow velocity in the mercury 
perpendicular to the steel plate, causing vigorous agitation of the amalgam and enhancing 
mass transfer of the Na“'“ ions to the amalgam interface, as well as the mass transfer of 
Na in the amalgam cathode. 


4.2.5A. The Oxygen Evolution Reaction (OER). The OER is the primary electrochem¬ 
ical reaction in water electrolysis, metal electrowinning, and recharging of metal-air 
cells. The standard electrode potential for this reaction at 25""C is 1.299 V vs the normal 
hydrogen electrode (NHE) in acid media and 0.401 V in alkaline media. The pertinent 
reactions are 


2 H 2 O ^02+ 4H'*" -j- 4e (acid media) 
40H~ ^02 + 2 H 2 O + 4e“ (alkaline media) 


(77) 

(78) 



FIGURE 4.2.11. Flow patterns of brine and the amalgam cathode. 




CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


117 


Depending on the pH, one of these reactions occurs during the course of the chlorine 
evolution reaction. The OER then becomes a parallel, unwanted reaction, and it lowers 
the current efficiency for the generation of chlorine. The OER, like the chlorine evolution 
reaction, proceeds over a potential region where the surface of the electrode is covered 
fully or partially by an oxide film with adsorption and catalytic properties substantially 
differing from those of the corresponding bulk oxides. 

The kinetics of the OER were extensively examined [47-49] on various metal 
substrates and on metal oxides formed by thermal decomposition techniques. The polar¬ 
ization data for the OER on thermally formed metal oxides [50,51 ] in 4M KOH at 22''C 
are shown in Fig. 4.2.12. Generally, the Tafel slope is about 40mV for Ru02 in alkaline 
and acidic media, Ir02, and Pd02, but varies [27,32] from 30 mV on Ru02 to 120 mV 
on Pt 02 . 

Based on Tafel slope values, a generalized mechanism was proposed [52-54] for 
the OER on all oxide materials where the initial step involved the discharge of water 
molecules (in acidic media) or of OH~ ions (in alkaline medium) as: 

-M-OH + H 2 O + H+ + e (79) 

where the asterisk denotes the “oxidized” surface state. This intermediate is subsequently 
converted to an “oxide”: 


-m:Sh* - -m:8h 

-M:8h ^ -MIqh+H++ e (81) 



Current Density (A cm"^) 


FIGURE 4.2.12. Polarization curves for oxygen generation in 4M KOH at 22°C on various metal oxides 
formed by thermal decomposition of their salts on a titanium substrate [51]. (Reproduced by permission of 
The Electrochemical Society, Inc.) 
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The M species, being unstable, 'decomposes to form ' 0 . 2 : 

2|-M:gj.j] 2[-M - OH] + O 2 (82) 

The expected Tafel slope, when or if, each of these steps becomes the rate-controlling 
pathway, is shown below. 


Equation # 

Tafel slope (mV) 

79 

120 

80 

60 

81 

40 


The main feature involved in all these steps is the formation of a higher oxide and its 
subsequent decomposition to form Go*. 


MO, 

+ H 2 O MO,+ i + 2H+ + 2e 

(83) 

MO, 

+ 1 ^ MO, + i02 

(84) 


Therefore, it is the bond strength of the oxide surface and its higher oxidation state, which 
can be related to the standard enthalpy of the lower to higher oxide transition that dictates 
the kinetics of the OER. The involvement of the OH or OH species [52-57] and higher 
oxidation states of metal ions of the oxide or Oxide film, acting as a mediator sipecies in the 
mechanism of the OER , thus bectnnes an important issue in efedtrocatalysis of the OER . 

Figure 4.2.13 illustrates the dependence of the overpotential for the OER reaction 
on the standard enthalpy of the lower to higher oxide transition (Table 4.2.5). It may 
be noted that the adsorption of an oxygenated intermediate on the surface of an oxide 
is equivalent to oxidation of the metal cation on the oxide surface from a lower to a 
higher valent state. Oxides with small heat of transition adsorb the intermediate weakly 
and oxides with high heat of transition adsorb the intermediate too strongly. Both these 
situations lead to high overpotentials. Oxide showing high oxygen overpotential on the 
ascending branch of the volcano plot in Fig. 4.2.13 is PbO?, and C 03 O 4 and Fe 304 on 
the descending branch exhibit high overpotentials. Oxides providing low overpotentiais 
are Pt 02 , Mn 02 , Ru 02 and Ir 02 . 

The kinetics of oxygen evolution during the course of the Cb evolution reaction was 
not thoroughly investigated, although some basic studies were performed [58,59]. These 
are not definitive, and there are many unanswered questions with respect to the proposed 
mechanism and the current efficiency for Cb evolution (Section 4.5). Nevertheless, 
it appears that the mechanism for the OER is the same as that occurring during the 
course of the Cl 2 evolution reaction, the rate being lowered by the decreased exchange 
current density for the OER (Table 4.2.6) via doping the Ru 02 -based coatings with HfOi 
and Sn 02 . 

4.2.5.5. The Hypochlorite and Chlorate Reduction Reactions. There are two parasitic, 
parallel reactions occurring during the course of the HER, these reactions being the 
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TABLE 4.2:6 Kinetic Parameters for Ru02-based coatings 



C 12 evolution 

O 2 evolution 

Electrode 

Tafel slope 
(mV) 

h 

(mAcm~^) 

Tafel slope 
(mV) 

^0 

(mAcm“^) 

Ru02f-‘Ti02 

28 

1.65 

128 

0..1 

Ru : Hf 

25 :75- 

54 

0.38 

125 

0.034 

50:50 

■ .34 

1 

122 

0.029 

66:34 

Z7 

1 

132 

0.034 

Ru : Sn 

25:75 

37 

0.6 

125 

0.024 

75:25 

37 

0.9 

132 

0.029 


Source: Reproduced by permission of The Electrochemicai Society, Inc. 



FIGURE 4.2.14. Current-voltage profile on a rotating Fe disc electrode in the presence of OCl~ with and 
without chlorate in 15% NaOH + 17% NaCl at 95°C at 2,000 rpm [58]. (Reproduced by permission of The 
Electrochemical Society, Inc.) 


The cathodic reduction [58] of OCP is a diffusion-controlled reaction on iron, exhibiting 
limiting currents, as may be seen from the polarization data in Fig. 4.2.14. Hence, 
the current effifciency fof the HER will be reduced at low current densities, while the 
caustic current efficiency is unaffected (see also Section 4.4.3.2G). 

Mechanistic studies [59,60] have shown that OCl“ reduction follows the reaction 
scheme: 


OCr ■+* H 2 O 4 e G1 + 20H“ 
Cl 4* e ^ Cl" 


(87) 

( 88 ) 
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where the first st^ istherate-ccaitroUing patk TJui&explaiRStthse'experimeaitally observed 
Tafel slope of 12f) mV and the first-order dependence of the rate on the OCl“ ion 
concentration. An alternative sequence of steps was also proposed [61] involving the 
reactions (89)-(92), where the step (90) was identified as the slow step. 


ocr + H 2 O ^ HOCl + OH“ 

(89) 

HQCl+e- HOCQ, 

(90) 

Hoards-^cr + OHads 

(91) 

OHads + e —OH“ 

(92) 


Basic investigations [58] have shown that the cathodic reduction of CIO^ in alkaline 
media is an activation-controlled process proceeding at very low rates. Mass balance 
studies have shown that the CIO^ ion can indeed be reduced to chloride, the reaction 
being favored only on “Fe” surfaces, and not on metals such as Co, Ni, Mo, Ti, Hg, and 
carbon, in smooth form (Fig.,4.2.151 The exact mechanism leading to this specificity is 
not clear and more fundamental studies are required to decipher the pathways controlling 
the chlorate reduction process. 

The surface state of Fe appears to play a critical role in enhancing the rate of the 
CIO 3 reduction reaction. Studies [58,62] performed with porous Fe 203 , Fe 304 , and 
FeO, and steel wool oxidized by washing with NaOCl showed that surface oxides of Fe 
participate in chlorate reduction (Figs. 4.2.16, 4.2.17). 

A mechanism involving surface oxides of Fe during the cathodic reduction of CIO^ 
ion follows the scheme in Eqs. (93) and (94), 

3(Fe-0) + 3 H 2 O 3- 6e -> 3Fe + 60H“ (93) 

3Fe + CIO^ ^ Cr -h 3(Fe-0) (94) 

according to which CIO^ reduction takes place by the formation and decomposition of 
“labile” surface oxides of iron [63]. 



Time (hr) 


FIGURE 4.2.15. VaiSatioa of the concentration of chlorate ion with time on various electrode ^materials at a 
current density of 154nA cnt“^ f (Reproduced by pertnissiop of The Elcctroehentie^l Society, Inc.) 
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FIGURE 4.2.16. Vari^ti€« m A cm. ^ 

on various Fe-oxides [58], ]lBprod«R«ill»}ypetiiiifisiiMi ofTthfl BftRtt'flfiftemtKSll&fiiiStfe.IlJROi 


The specificity assaeiiafiedi\«ijjt Ffeojddte&itoifedJtotjiigtiteCJfi)^ redUetteflupoem 
must be taken into considM8liioni\«lt^iW?Br-?^Jte6©4iBafi^ateail^SftteK)Ma&f»?t^^ 
alternatives to the Ft eaite(te8..FUnljteniltm.afttlteii®S«ajiii»ti(^'<dHltJiatei&;iB)i^ 
at low current densities,. @afe to dtesijg^ti ai vwtfh 3ii^ tJtek aa® 

“blind” to the current, TMs,. lto«^^. wU 1^ to- fite QorniQsiiojti oil'th® oatfiiwte during 
operation, as these ares«.aBfeitftft«^tedlfesUiy petodiefi. 


4. 2 . 5 . 6. The Oxygen ^aatiim. <0»fe e#' tftfe ftittifl© todhw?ft?^fes off tefOfltt-- 

ance to realize low eaPp QJWfiumpieBi Sm pijttesteg Cfe ^ IS^M Afe ossygeiti 
cathode technology, wte*etitocorwet}rti®|^ISjr-^(Q)3v(ift]^(tato?dfcs,Qa0ibfeto^to wift, 
O 2 cathodes. This sheettStowt^-iiteQelllxoll^fe.iiBipiftfij^te.^ li.23!y'3ndlte»efe.saK% 
840-850 kW hr ton"* el eWtewte pe<fcK©fi. Tte n^toatoii iftwolivcesJ 

in O 2 cathode teehn^^ It^Ii titfe ^tt yeess; iJii 

connection with the de>t@tep»s»ft<rf'fti^l«8iteto^»®iateeteaBitejtts^. 

The oxygen rt^teetoli OtddIfiS; ifti lF«fti 30(4 3IW6 iBedfia,. tftfe 

being of relevance fe the 

pathways involved in 0|' t^iUctsiOBi ace y^ Uto res^tWi 

schemes are presented tofe. 

The generally aetal©«(Sdteil|04 seh0im ittKoJK^fi ifti tJto toSKdWWi 

reaction are: (1) thedif^tfour‘.^tedlieffi«dt0m,4lw4(@)t}tef@iOisjitepAiy<ei5b.lllftb^ 







w iprocbss 


123 



WBiiiaiiOh'dl'tite'COlW^MtiaiiOJi dMrtOisBtfe ton wlih limfeion treaned and untreated steel [58], 
^pwtiUKjed^tty pemitssioh dfilte SftsOffddtenitodl'SddidtyJlnc}) 


oataly^ iSiieiitails on w^htoh the ft!)iuf-<ileoil«oh pathway, dopiCtM fey Eq. (95), proceeds, 
aie pare Pt^wfl PtJfcitedk. 


media) (95) 

Wo««^l:,<C*iJ^«olljposiRfS((ii.^.,ffttllOi(tefliOti>oarfboW),iftie predominant reaction (95) 
pK0cee&(O«ltt-'stes,'«dhilte4teipK>3fflie|tailf«^itste(toiianaBt scheme on carbon sites, 
ilhe ipstioj^ iifsadiioh, iin «dWjioh, fe ibdfievedtto ipyoc^ as follows. 

O 2 + WQ)^ +<2lM- ^ =^0,065 V) (96) 

HO^ + H 2 O + ^ 30H“ (97) 

m 

3(M- + ©2 (98) 

AiMhoi^ berth ttejaftMuasys^iteM Ote sanfetewfliissufe, Ite pepoxid® pathway results in a 
IhOMBOti^BiMBk; vPlIt^ politttty of46S mV. Tte kilidiic tosses for both reactions have to 
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be taken into account when factoring the kW hr ton“ ^ of caustic produced. Of the two 
electrochemical reactions shown above, Eq. (96) is very fast on most electrode materials, 
and Eq. (97) is extremely slow, occurring rarely, if at all, except on Au-Fe complexes. The 
most favored scheme for the decomposition of HO^ is reaction (98), the known catalysts 
being carbon, heavy metals, Ag, Ru02, Co^spinels, and the Pt-group metals. Note that 
the oxygen generated by the decompositioa reaction is available right at the catalytic site 
and is efficiently recycled. Anisfficient peroxide decorhposition is a must for the longevity 
of the electrode, since accumulation of peroxide may result in increased corrosion of 
the carbon in the electrode. Table 4.2.7 shows some kinetic data for the O 2 -reduction 
reaction in alkaline media [69,72-81]. The current status of the development of O 2 
cathode technology is described in Chapter 17. 
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4.3. ELECTROCMiEMICAL TECHNIQUES 
4 3: A In troduclion 

Mlistrial electrochemical cells are generally operated at a constant load or amperage, as 
this is a direct measure of the production rate. The amperage is a function of the lermirtal 
voltage, Vj: 


Amperage =- (1) 

/?C 

where is the thermodynamic decomposition voltage, and (Vj ~ is the dFiviag 
force, in volts. The cell resistance, is composed of the polarization resistance at the 
anode and the cathode, the ohmic resistance of the electrolytic solution, the separator 
(be it an asbestos diaphragm or an ion-exchange meirtbrane), and the metal hardware 
between the cells. While the ohmic resistance is independent of the current or voltage, 
the poiarizatioi)-; ^esixStanee associated with the kinetics of the electrode reactions at the 
anode and cathode is a nonlinear function of the current, /, pas.sing through the cell. 
Thus, the voltage across a cell is composed of various factors described by Eq. (2), 

Uf = £a + ilA — Ac — (—??c) + ^ Asoi + / As + ^ Am (2) 

= + (9a + ^c) + ^ Asoi T / As + / Am 


Ad = Ea — Ac 


(3) 
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where £'a and Eq ^lxq the equilibrium potentials for the anodic and cathodic processes, 
and ?7 a and rjc are the overvoltages at the anode and cathode, respectively. The decom¬ 
position voltage is the minimum voltage required to drive the reaction in a forward 
direction, and is the difference of the reversible potentials of the two electrodes, as given 
by Eq. (3). The IR terms with the subscripts sol, S, and M refer to the ohmic voltage 
across the solution, separator, and the metal hardware. A detailed discussion of the cell 
voltage and its components is presented in Section 4.4. The overvoltage is the excess 
voltage needed to drive the electrochemical reaction in the direction of interest at a desir¬ 
able rate, and is a measure of the deviation of the actual electrode potential from the 
equilibrium potential for the electrode process under discussion. It is a function of the 
current density or the reaction rate per unit area of electrode. 

Thus, the parameters related to the cell voltage include the overvoltage and ohmic 
drop terms, which can be experimentally measured. The electrode material and the 
electrochemical reaction under study dictate the magnitude of the overvoltage. Therefore, 
it is important to characterize the electrode material and the pertinent electrochemical 
reaction, especially the mechanistic aspects, as this knowledge can lead to developing 
more energy-efficient electrodes. 

The kinetic parameters required to characterize an electrode reaction are reaction 
order, rate constant or exchange current density, symmetry factor, stoichiometric coef¬ 
ficient, and the standard heat and entropy of activation. These basic parameters can be 
measured using electrochemical techniques, some of which are discussed in this chapter. 
The interested reader is referred to refs. [1-121 for a detailed discussion of the various 
electrochemical and physicochemical techniques available at present to characterize the 
electrode surfaces and the electrochemical reactions. 

The techniques for characterizing the kinetics of electrode reactions can be classified 
into steady-state and transient methods. The steady-state methods involve the measure¬ 
ment of the current-potential relationships at constant current (galvanostatic control) 
or constant potential (potentiostatic control) conditions and measuring the response, 
which is either the potential or the current after a steady state is achieved. The non¬ 
steady-state methods involve the perturbation of the system from an equilibrium or a 
steady-state condition, and follow the response of the system as a function of time using 
current, potential, charge, impedance, or any other accessible property of the interface. 
Relaxation methods are a subclass of perturbation methods. 


4,3.2. Steady-State Techniques 

Conventional polarization measurements are performed in a cell containing the working 
electrode, counter electrode, and a reference electrode, as shown in Fig. 4.3.1. The 
working and counter electrodes are connected to a DC power source through an ammeter. 
The potential of the working electrode is measured with respect to a reference electrode, 
using a high input impedance voltmeter to ensure that the reference electrode is not 
polarized. The potential difference between the working electrode and the reference 
electrode comprises not only the potential of the working electrode but also an ohmic 
drop from the solution between the reference and working electrodes. This additional 
ohmic drop can be minimized by using a proper probe, and it can be measured using the 
current interruption technique (Section 4.3.2.3). 
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DC Source Ammeter 



FIGURE 4.3.1. Conventional circuit for polarization measurements. 


43.2, L Reference Electrodes. The requirements for a reference electrode are: 

1. It is a non-polarizable electrode, exhibiting a high exchange current density. 

2. Its potential is well established, stable, and reproducible. 

3. It contains the same electrolyte as the solution in the cell under study, so that 
liquid junction potentials are avoided. 

4. It is maintained at the same temperature as the electrolyte under study in 
order to eliminate the deviation of the potential caused by the difference in 
the temperature. 


4.3.2.1 A. Hydrogen Electrode. By convention, the hydrogen electrode is the primary 
standard for measuring the electrode potentials. The HER proceeding on an electro- 
chemically active metal electrode, such as a platinized platinum sheet, fulfills all the 
requirements shown above. The HER is represented by Eq. (4), and its reversible potential 
by Eq. (5). 


H 2 (g) = 2H++2e 

(4) 

E^ = {RT/F)\n 

iPWi)' 

(5) 


When = 1, we have 


£h = -(2.303^r/F)pH 


( 6 ) 
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FIGURE 4.3.2. Hydrogen reference electrode. 


Eq'-wation (4) shows that hydrogen gas aFid hydrogen ions mast be present to estaNli^ 
the hydrogen eleem^. Pigere 4,3,2 illustrates an example of the hydrogen reference 
electrode. Padhed hydrogen is passed through a glass tube with a platinized platinum 
sheet immersed in an oxygen-free electrolytic solution, and gas bubbles escape from 
the tube through small holes located at about the center of the Pt electrode. This estab¬ 
lishes an interface with three phases: metal electrode, electrolytic solution, and hydrogen 
gas. A platinized platinum sheet or spiral wire, immersed in an aqueous solution sat¬ 
urated with hydrogen by bubbling hydrogen directly in the solution, can also provide 
a simple reversible hydrogen electrode. Platinized platinum is chemically active, and 
thus, is easily poisoned by trace impurities, including dissolved oxygen in the solution. 
Measurements should always be made on fresh electrodes. 

Although the reversible hydrogen electrode is the primary standard, there are several 
other reference electrodes that are used in practice. Some of these secondary reference 
electrodes are described below (see also Section 4.1.7). 


4.3.2.IB. Calomel Electrode and Other Mercury-Based Electrodes. The calomel elec¬ 
trode consists of mercurous chloride (calomel. Hg 2 Cl 2 ) in contact with liquid mercury 
in the presence of a chloride solution, as Hg/Hg 2 Cl 2 /KCl. The electrode reaction is; 

2Hg + 2Cr rr: Hg 2 Cl 2 4- 2e (7) 

Mercurous chloride is an insoluble compound having a solubility product of 2 x 10“'^ 
at 25°C (13|, and the reversible potential of the calomel electrode, represented 
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by the Nemst equation as follows: 

Ec^x = El^-{RT/F)\na^^- ( 8 ) 

where is the standard potential for the calomel electrode. The primary electrochem¬ 
ical reaction here is: 2Hg ^ + 2e, but the electrode measures the Cl“ ion activity 

because of the equilibrium reaction: + 2C1“ ^ Hg 2 Cl 2 . The reversible potential 

of the calomel electrode at various KCl concentrations and temperatures is shown in 
Table 4.3.1 [14]. Various types of calomel electrodes are available. 

Calomel electrodes are not stable in concentrated NaOH solutions because the 
permeation of caustic into the electrode structure alters the potential. In alkaline solutions, 
the recommended electrode is the mercuric oxide electrode, whose standard electrode 
potential is dictated by reaction (9): 

Hg + 20H- = HgO(r) -f- H 2 O + 2e (9) 

= 0.098 V vs SHE at 25^C) 

where HgO(r) denotes red HgO and SHE refers to the standard hydrogen electrode. 

Another commonly used electrode is the mercury-mercurous sulfate electrode, 
represented by Eq. (10): 


2Hg + SO|- = Hg 2 S 04 + 2e (10) 

and having an of 0.6051 V vs SHE at 25°C. This reference electrode is preferred for 
electrode potential measurements in sulfate solutions. 


TABLE 4.3.1 Standard Potential of the Calomel Electrode as a 
Function of the KCl Concentration and Temperature 


Temperature 

CC) 

Saturated KCl 
(V) 

3.5N KCl 
(V) 

LON KCl 
(V) 

0.IN KCl 
(V) 

0 

0.2602 


0.2854 

0.3338 

10 

0.2541 


0.2839 

0.3343 

15 

0.2509 




20 

0.2477 


0.2815 

0.3340 

25 

0.2444 


0.2801 

0.3337 

30 

0.2411 


0.2786 

0.3332 

35 

0,2377 




40 

0.2343 

0.2466 

0.2753 

0.3316 

50 

0.2272 

0.2428 

0.2716 

0.3296 

60 

0.2199 

0.2377 

0.2673 

0.3229 

70 

0.2124 

0.2331 

0.2622 

0.3236 

80 

0.2047 

0.2277 



90 

0.1967 

0.2237 



100 

0.1885 
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4.3.2.1C. Silver-Silver Chloride Electrode. Although the mercury-mercury compound 
electrodes are useful, the toxicity of mercury compounds is a concern with regard to 
their use and disposal. This is overcome by using silver-silver chloride electrodes. The 
electrode reaction responsible for the potential of the Ag/AgCl electrode is: 

Ag + Cr = AgCl + e (11) 

The standard potential for this reaction [ 15] at 25°C is 0.2223 V vs SHE. The silver- 
silver chloride electrode must be used in a dark environment to prevent instability and 
irreproducibility arising from the photochemical reactions of AgCl. 


4.3.2.ID. Copper-Cupric Sulfate Electrode. This electrode is composed of a copper 
rod immersed in a saturated cupric sulfate solution, leading to the establishment of the 
reaction: 


Cu = Cu2++2e (12) 

The thermodynamic potential is estimated to be 0.295 V at 25®C, the standard potential 
being 0.337 V vs SHE in saturated solutions of CUSO 4 . However, experimental results 
showed a value of 0.3160 V, which was about 20 mV more positive than estimated, 
probably because of the effect of dissolved oxygen [16]. In spite of this, copper-cupric 
sulfate electrodes of various types are widely used in the cathodic protection equipment 
for steel structures, because of their stable potential and simple construction. 

Useful literature devoted to the various reference electrodes are [8-22] where the 
electrode processes and the thermodynamic potentials are discussed and summarized. 
The reference electrodes used for nonaqueous solutions are noted in refs. [23-27], for 
fused salt in refs. [24,28], for solid electrolytes in ref. [29], for soil and seawater in 
ref. [30], and for high-temperature and high-pressure operations in refs. [31,32]. 


4.3,2,2. Luggin-Haber Probe. The static potential or the reversible potential of a 
working electrode, shown in Fig. 4.3.1, can be measured with respect to a reference 
electrode. The reference electrode is generally placed in a separate compartment and is 
connected to the cell, the connecting tube being drawn out to a small capillary so that 
its tip is very near the electrode. The capillary tube is called the Luggin probe or the 
Luggin-Haber probe. 

When there is no current flow, the measured value is independent of the position of 
the reference electrode since the potential in the electrolytic solution is equal across the 
cell. The potential of the working electrode is either the static potential or a reversible 
potential, E. 

When a direct current, /, is applied to the cell, both the anode and the cathode are 
polarized. E' in Fig. 4.3.3 illustrates the polarization potential of the working electrode 
under study, which is the sum of the static potential E and the overvoltage rj. How¬ 
ever, the measured potential difference between the working electrode and the reference 
electrode contains the solution ohmic drop, ipx, since the Luggin tip is located far from 
the electrode surface by the distance x . p refers to the specific resistivity of the electrolytic 
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FIGURE 4.3.3. Schematic of the potential vs distance profile in front of a working electrode. 


Electrode 

FIGURE 4.3.4. Deformation of equipotential lines by the presence of glass tube [33]. 



solution. The solution ohmic drop is large in solutions having large resistivity and at high 
current densities. It is possible to eliminate the solution ohmic drop by extrapolating line 
AQ to X = 0 if that profile can be obtained [33]. 

A problem that arises when the Luggin probe is positioned close to 
the metal/solution interface is the nonuniform current distribution (Fig. 4.3.4) near the 
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FIGURE 4.3.5. A Luggin-Haber probe combined with the calomel reference electrode. 


working electrode, which alters the local current density and hence, the electrode poten¬ 
tial. To overcome this problem, the Luggin-Haber probe connected with the reference 
electrode was designed (Fig. 4.3.5). This design minimizes the distortion of the current 
distribution near the working electrode, because the tip is small, about 1 mm in diameter. 

Piontelli and coworkers [34-36], Barnett [37], and others [31] investigated the 
current distribution near a flat plate electrode with a Luggin-Haber probe, and showed 
that the capillary tip of the Luggin-Haber probe had to be removed from the electrode 
surface by more than twice the diameter of the tip to minimize its adverse effects. 
However, at very high current densities, this design does not eliminate the solution 
ohmic drop. Hine and coworkers utilized the Luggin-Haber probe supported with an arm 
which could be moved three dimensionally, with a micrometer in front of the working 
electrode, and obtained curves of the potential vs distance. The procedure was useful in 
investigations with gas-evolving electrodes, as with chlorine evolution, where bubbles 
become dispersed in the electrolytic solution, resulting in a gradual change of electrical 
resistance [33,38—40]. Figure 4.3.6 depicts examples of the potential vs distance curves 
obtained by this procedure [38], showing least interference from the gas bubbles during 
the potential measurements when the horizontal plate electrode is facing upward. This 
is also reflected in the current-potential curve in Fig. 4.3.7, which shows linearity of the 
potential with the logarithm of the current density, as theoretically anticipated. 


43.2.3. Current Interruption Technique. As discussed in the previous section, proper 
choice and positioning of the Luggin probe will minimize the contribution of the ohmic 
drop to the measured electrode potential. One can also correct the measured electrode 
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FIGURE 4.3.6. Potential vs distance variations in front of the working electrode in 20% NaOH at 15°C and 
2Adm-2 [38]. 



Current Density (A/dm2) 

FIGURE 4.3.7. Polarization curves in 20% NaOH at 15°C and 2 Adm"^ [38]. 


potential for the ohmic potential still present by extrapolation, provided the distance 
between the Luggin tip and the electrode is accurately known. This can be avoided by 
using the current interruption technique [41,42] during potential measurements when 
a constant current is applied. Figure 4.3.8 shows a conventional circuit employed for 
polarization studies, and Fig. 4.3.9 shows a typical potential-time profile, following the 
application of a constant current to an electrolytic cell. After the potential has reached 
steady state, the current is interrupted, for example with a mercury-wetted switch, ensur¬ 
ing that the current is cut off in 10“^ s, and the variation of the potential with time 
is recorded using an oscilloscope, or by digitization. When the current is interrupted at 
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FIGURE 4.3.8. Circuit for polarization measurements. A: Anode; C: Cathode; R: Reference electrode. 



FIGURE 4.3.9. Potential vs time profile following current interruption [44]. (Reproduced by permission of 
The Electrochemical Society, Inc.) 


time, t \, the potential drops from A to B instantaneously and then decreases with time as 
indicated by curve BC, because of the discharge of the double layer capacity at the elec¬ 
trode surface. The potential will approach the static or reversible potential of the working 
electrode after a long time, as shown by the dashed line CF. If the current is switched on 
at time t 2 , the potential jumps immediately, and then approaches a steady-state value at 
the given current density, as shown by the curve DE. We may call the curves BC and DE 
the “decay” and the “build-up” curves, respectively. In this figure, Et is the potential at 
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the time t. The reason for the instantaneous fall or rise when the current is interrupted 
or applied is that pure ohmic drops do not have “decay” or “rise” times, unless coupled 
with a capacitance or an inductance. The slow decay of the potential, represented by the 
curve BC, is a result of the discharge of the double layer and the pseudocapacitance. 
The theoretical basis for the potential-relaxation method and an analysis of the potential 
decay curves is reviewed by Conway and Tilak [43]. 

Thus, the IR drop between the working electrode and the reference electrode can be 
measured and eliminated from the measured potential difference. However, the IR drop 
(AB) should be as small as possible, to improve experimental accuracy. The differential 
capacitance, C^/, of the electrode surface and the Tafel slope, b, of the kinetic-controlled 
process, can be obtained from the potential-time transients by Eqs. (13) and (14). 

Cd = //(d£t/dO (13) 

b^dEJdlogt (14) 

where i is the current density and Ei is the electrode potential at time t [42]. Figure 4.3.10 
shows an example of an oscilloscope trace obtained with a pure mercury cathode in 0.2N 
HClat 1 . 5 Adm -2 [ 44 ]. 


4.3,2.4, Galvanostatic and Potentiostatic Polarization Measurements. Electrode pro¬ 
cesses may be classified into two types: reaction or charge-transfer controlled, and 
diffusion or mass-transfer controlled. The electrode processes in diaphragm and mem¬ 
brane chlor-alkali cells are charge-transfer controlled. On the other hand, the formation 
of sodium amalgam on a mercury cathode, is diffusion-controlled. 



FIGURE 4.3.10. Oscillographic trace of a potential-time profile on a pure mercury cathode in 0.2N HCl at 
1.5 Acm“^ and —1.169 V (SHE) [44]. (Reproduced by permission of The Electrochemical Society, Inc.) 
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The rate equation for a charge-transfer process is (see Section 4.2 for details): 

i = /o{exp(aF////?r) — exp[—(1 — a)Fri/RT]} (15) 

where i is the current density, io is the exchange current density, t] is the overvoltage, 
and (X is the transfer coefficient, which is about 0.5. When 1??1 is greater than ~0,07 V, 
Eq. (15) can be approximated by: 

|r/| = (/?r/F)[ln|/|-ln/o] (16) 

Thus, the overvoltages, both anodic and cathodic, are linear with the logarithm 
of current density, as shown in Fig. 4.3.11 [45]. From this plot, the exchange current 
density can be estimated by extrapolation to |? 7 | = 0, and the slope of the rj vs log i 
curve provides the value of the Tafel slope, b = 2303RT/aF, from which the transfer 
coefficient can also be evaluated. 

When the overvoltage is less than 20 mV, Eq. (15) can be linearized, resulting in: 

/ = io(Fr]/RT) (17) 

Thus, at low overvoltages, the current density is directly proportional to the over¬ 
voltage, as shown in Fig. 4.3.12, giving the Faradaic reaction resistance treated in 



0.1 0.2 0.4 0.7 1 2 4 7 10 

Current Density (A/dm2) 


FIGURE 4.3.11. Anodic and cathodic polarization curves for graphite in saturated NaCl solutions (pH ca.0.5) 
at 50°C and pci 2 = ca.l atm [45]. (Reproduced by permission of The Electrochemical Society, Inc.) 
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Current Density (A/dm2) 

FIGURE 4.3.12. Plot of overvoltage vs current density in the low current density region for graphite in saturated 
NaCl solutions (pH ca.0.5) at 50°C and pQ\^ = ca.l atm [45]. (With permission from The Electrochemical 
Society.) 


Section 4.2.2. The exchange current density can also be evaluated from the slope of 
the linear plot. 

Current-overvoltage data can be obtained galvanostatically by applying a constant 
current and measuring the potential under steady-state conditions, or potentiostatically, 
by imposing a constant potential and recording the current. Current is applied stepwise, 
both in the upward and downward directions, to establish reproducibility. The galvano- 
static method is simpler than the potentiostatic method, but modem instruments can 
employ either method. 

The polarization curve can also be obtained by the potential sweep method, 
employing a potentiostat and a function generator at low sweep rates of about 
20mVmin“^. However, preliminary experiments at various sweep rates are recom¬ 
mended to obtain a quasi-steady-state polarization curve, which is close to the tme 
steady-state curve. 

A typical diffusion-controlled reaction is the cathodic deposition of copper from 
acidified solutions of cupric sulfate. Under agitation, at relatively high current densities, 
the rate equation is: 



(18) 


where iT is the limiting current density. The overvoltage on the copper cathode increases 
linearly with increasing current density. Near the limiting current density, it increases 
abmptly, as shown in Fig. 4.3.13 [46]. For these types of systems, potentiostatic 
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FIGURE 4.3.13. Polarization data for a copper electrode in IM CUSO 4 at 40°C under free convection [46]. 



Current Density (MA/cm2) 

FIGURE 4.3.14. Polarization curve for a carbon steel anode in 2M NaOH at 40°C obtained by the potential 
step method [47]. 


measurement is preferred over the galvanostatic method to determine the polarization 
behavior of a given electrode. 

Another example of a polarization curve is the anodic polarization behavior of 
metals and alloys in aqueous solutions when they are passivated. Figure 4.3.14 shows 
the polarization curve of a carbon steel in dilute NaOH solution, obtained by using the 
potential step method. The anodic current density increased with increasing polarization 
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potential, starting from the rest potential of about —0.9 V vs Hg/HgO [47]. When the 
polarization potential exceeded the Flade potential at about —0.83 V, the current suddenly 
decreased by two orders of magnitude, and remained almost unchanged up to about 
—0.3 V. The potential corresponding to the maximum in the current-potential curve is 
called the passivation potential, and the Flade potential is the potential value anodic to the 
passivation potential. The Flade potential is a well-characterized feature representing the 
transition of metals between passive and active states at a given pH. As the current density 
increased slightly in the potential range of 0-0.5 V, further oxidation of the anodic film 
from ferrous oxide to magnetite Fe 304 occured, and oxygen evolved at potentials higher 
than 0.6 V. If the galvanostatic method is used in such a system, the anode potential jumps 
from the Hade potential to the oxygen evolution directly, as shown by the dashed line, 
and the curve A is no longer accessible. Sometimes this causes the onset of oscillations 
of potential at constant current. 


43.2.5. Rotating Electrodes. One of the problems that arises during polarization stud¬ 
ies is the concentration polarization in quiescent solutions, which affects the current- 
voltage characteristics. This can be avoided by employing a rotating disc electrode 
(RDE). Levich [48] has shown that the RDE in a liquid medium has uniform accessibility 
to diffusing species, and that the current at the RDE rapidly attains a steady state [49,50]. 
Solution of the convection-diffusion equation gives the diffusion layer thickness, as 
a function of the rotational speed: 

& = (19) 

where co is the rotation speed in radians per second {co — 27tf, where / is the rotational 
speed in revolutions per second), D is the diffusion coefficient, and v is the kinematic 
viscosity, defined as viscosity/density. Thus, by simply changing the rotational speed of 
the RDE, the thickness of the diffusion layer can be controlled precisely. If the current- 
voltage curve is independent of the rotational speed, one can rely on those data to deduce 
the kinetic parameters for the electrochemical reaction under study. 

There are several variations of the RDE system, including rotating hemispherical 
electrodes [51] and rotating cylinder or cone electrodes [52,53]. The rotating cylinder 
electrode (RCE) is particularly useful if one wants to measure corrosion rates at high- 
flow velocities that are generally encountered in practice. Use of the RCE, with accurate 
measurement of a soluble species by conventional analytical techniques, gives results 
that can be converted into corrosion rates. Note that the data generated at the RCE can 
be directly correlated [54] with the flow velocities in a tube, since 


log Retube = 0,670 -h 0.0833 log Recyi (20) 


where Re represents the Reynolds number for the tube (denoted by the subscript tube) 
and the rotating cylinder (denoted by the subscript cyl) and is equal to Ud/v, where U 
refers to the flow velocity in centimeters per second and d the characteristic length in 
centimeters. 
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The RDE is constructed from a disc of the electrode material of interest mounted 
on a metal shaft, usually made of stainless steel or brass and covered with a cylindrical 
shroud of FIFE, polychlorotrifluoroethylene (PCTFE) or epoxy, ensuring that the metal 
shaft and the disc edge of the electrode are not in contact with the solution. These 
electrodes are available commercially from various suppliers, the most popular being 
the one produced by Pine Instruments Company [55]. 

These electrodes are inserted into a rotator, constructed with a variable speed syn¬ 
chronous motor drive controlled by a feedback system sensing the rotational velocity. 
The velocity of rotation is controlled to ±1%. 


43.3. Non-Steady-State Techniques 

In non-steady-state methods [56,57], the system is perturbed by a signal and then allowed 
to relax to the equilibrium value or to another steady state. During these measurements, 
the double layer is charged first, as any change in the electrical state of an electrochemical 
system results in the rearrangement of charges at the electrical double layer. The resulting 
displacement current density can be expressed by: 

dq d 

where q is the charge per unit area, t is time, C is the differential capacity/unit area, E^. 
is the potential of zero charge and i^\ is the current required to charge the double layer. 
For small amplitude perturbations, where the potential dependence of the capacitance is 
not significant, Eq. (21) may be replaced by Eq. (22), 

dE 

id] = ^ “jr (22) 

dt 

Following the charging of the double layer, the Faradaic process will respond to the 
perturbation imposed on the system. 

Transient techniques were developed to investigate the kinetics of electrochemical 
reactions, and they are summarized in ref. [8], Rangarajan [58] analyzed the rationale 
behind these relaxation techniques and showed that they are all equivalent in that the 
desired kinetic information can be derived from any input-output response. However, 
what makes one method preferable to another is the ease with which it can be set up and 
used. Two techniques that are widely used in chlor-alkali studies are presented here. 


4.33.1. Cyclic Voltammetry. In this method, the potential of the working electrode is 
varied linearly with time from an initial potential of E{ to a final value of £f, and then 
reversed from Ef to E{ at the same rate, as shown in Fig. 4.3.15. The resulting current is 
measured as a function of time or potential. This scheme can be used as a single sweep 
or a multisweep, as used in cyclic voltammetry. The potential range is generally selected 
to suit the reaction under study. 

This method can be classified by the values of the potential sweep rates. At a low 
sweep rate, the current-potential relation is the same as that obtained under steady-state 
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FIGURE 4.3.15. Variation of potential with time in a multisweep. 


conditions by the galvanostatic or potentiostatic methods. Since this is not a true steady 
state, results should be confirmed by conventional measurements. 

At intermediate sweep rates, the steady-state behavior is perturbed by diffusion to 
or away from the electrode, and by the possible slow adsorption/desorption equilibrium. 

At sufficiently high sweep rates, one can measure currents used to charge the double 
layer, and for the processes of adsorption or desorption of reactants or intermediates 
involved in the charge-transfer step. The latter current is called the pseudocapacitive 
current. 

Cyclic voltammetry offers several advantages, which include rapid acquisition of 
the current-overpotential variations under quasi-steady-state conditions and the ease 
with which the experiment can be performed. A block diagram of the circuit used for 
this method is presented in Fig. 4.3.16. 

At moderate sweep rates, the current-potential profile passes through a maximum, 
as shown in Fig. 4.3.17. The peak current /p occurring at a potential is due to the 
maximal transport of the oxidant. Ox, from the bulk of the solution to the cathode surface. 
Since the electrode process under discussion 

Red = Ox -h ne (23) 

is fast, the electrode potential can be represented by the Nernst equation (24): 

, RT Cox(0 

E\t) = Ex-vt = E + In —(24) 

nF Cred(0 

where E\t) is the electrode potential at time t\, u is the rate of potential sweep, 
E is the reversible potential or the formal potential, and C is the concentration of the 
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Potential 


FIGURE 4.3.17. A schematic of the potential sweep polarization curve. 


chemical species at the electrode surface. The cathodic current /c can be represented 
from Faraday’s law as 


Ict^nFVCo^t) 


( 25 ) 


or 



Ic=nFV 
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where V is the solution volume. At the beginning, Cred is zero while Cox is large. When 
the potential is scanned in the cathodic direction, Cox decreases and Cred increases 
because of slow mass transfer, and the current increases exponentially to the half-peak 
potential, /p/ 2 . With further polarization in the cathodic direction, Cox becomes small, 
while Cred increases, and the increment of current decreases. At the peak potential, Ep, 
the current reaches the maximum, Ip. The diffusion of the oxidant no longer increases. 
The mass transport of the reductant from the electrode surface to the bulk of the solution 
also decreases because the concentration of the reductant in the solution increases, which 
results in a gradual decrease in the current. 

For a reversible reaction, occurring under diffusion-controlled conditions [ 6 ], Ip is 
given by: 

/p = (26) 


where k = 2.72 x 10^ A s mol“^ n is the number of electrons transferred in the 
overall reaction, A is the effective area of electrode in centimeters, D is the the diffusion 
coefficient in square centimeter per second, is the bulk concentration of the reactant 
in moles per cubic centimeter, and v = d V/d? is the sweep rate in volts per second. The 
potential at which the current is maximum is expressed by the relationship: 

I.IRT 

Ep = ^ 1/2 -— (27) 

nF 


where E 1/2 is the polarographic half-wave potential. The positive sign applies to an 
anodic reaction and the negative sign to a cathodic reaction. Thus, the peak current is 
proportional to the square of the sweep rate and varies linearly with the concentration of 
the reactant, while the peak potential is independent of the sweep rate. 

In the case of an irreversible reaction, the peak current and the peak potential are 


Ip — k\ A nF 


anF\ 
^RT ) 


1/2 


dI'^CZv^'^ 


Ep — E{ ~\- 


RT 

anF 


/:2 + In 


D 


1/2 


1 / anF 

- In 1 - V 

2 \ RT 


(28) 

(29) 


where k\ = (3-5) x 10"^, k 2 ^ 0.77, and k is the reaction rate constant. 

Thus, the peak current is proportional to and C^, while Ep varies logarith¬ 
mically with the sweep rate. Additional information related to other cases is found in 
refs. [11,12,59-61]. 

At high sweep rates, one can examine the surface electrochemical processes, 
including the double layer charging process occurring prior to the Faradaic reactions. 
Figure 4.3.18 is the cyclic voltammogram recorded at 0.10 Vs”^ sweep rate, of a clean 
Pt electrode in 0.5M H 2 SO 4 at 25'^C [62]. The data were developed in the voltage region 
of 0.1-1.3 V vs NHE, prior to the H 2 evolution on the cathodic side and O 2 discharge 
on the anodic side. The current-voltage profile reveals hydrogen adsorption and desorp¬ 
tion in the potential region of 0.1-0.3, double layer charging in the potential range of 
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FIGURE 43.18. Potentiodynamic current-voltage profile for a clean Pt electrode in 0.5M H 2 SO 4 at room 
temperature [62]. (With permission from Elsevier.) 


0.4-0.6 V, and oxide formation and reduction in the voltage region of 0.6-1.3 V. The 
maxima observed in the potential of 0.1^.3 V were attributed to two clearly resolved 
redox processes corresponding to the formation and removal of weakly and strongly 
bonded hydride on the surface of Pt, prior to the discharge of H 2 . The appearance of 
humps in the anodic current profile in the voltage region of 0.8-1.3 V has been attributed 
[62] to the formation of PtO, following the reaction scheme noted below. 


4Pt + H 2 O ^ Pt 40 H + H+ + e 

(30) 

Pt 40 H + H 2 O 2Pt20H + H+ + e 

(31) 

Pt20H + H 2 O 2PtOH + H+ + e 

(32) 

PtOH ^ PtO + H+ + e 

(33) 


where each step contributed to a maximum in the current-voltage profile. 

Theoretical analysis [63,64] has shown that when a surface reaction of the type 
M+A- MA+e is proceeding reversibly, one will observe a maximum in the current- 
voltage profile, with 


iM = 


k*F 

-• V 

ART 


(34) 


at a peak potential of 


£p = 



k 


* 

1 


(35) 
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where k* refers to the maximum surface charge for the formation of a monolayer of the 
adsorbed species (in \iC cm“^), and k* to the ratio of the forward and the backward rate 
constants of the reaction noted above. 

However, if the reaction is irreversible and can be described by the Tafel 
approximation, then 



and 


RT k*6F RT 

= -In-1-In V 

P PF kiRT PF 


where P is the symmetry factor and k\ is the forward rate constant of the reaction 
M + A" MA + e. 


4.33.2. AC Impedance. Impedance spectroscopy has been developed in recent years to 
study the characteristics of electrochemical reactions at metal/solution interfaces. In all 
electrochemical techniques, one is examining the impedance behavior, either directly or 
indirectly. The impedance at an interface is dictated by the reaction mechanism and is 
characterized by a nonlinear current-voltage relationship. 

The electrical behavior of an electrode-solution interface and the processes that 
take place due to an electrochemical reaction can be treated in terms of an equivalent 
circuit [1,65,66], It has been shown that when a Faradaic reaction is occurring at low 
overpotentials, without the involvement of adsorbed intermediates, the equivalent circuit 
may be expressed as shown in Fig. 4.3,19A, 



FIGURE 4.3.19. Equivalent circuit representation of an electrode-solution interface for a simple charge- 
transfer process. (A) Without adsorbed intermediates, and (B) with adsorbed intermediates. 
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Thus, the equivalent circuit consists of a solution resistance, Rs, in series with the 
double layer capacitance, Cdi, and /?f, the Faradaic resistance associated with the charge- 
transfer process. However, if an adsorbed intermediate is involved in the charge-transfer 
process, such as: 


Oad + ne —> Rad (38) 

the equivalent circuit contains an added capacitance, C^, associated with the poten¬ 
tial dependence of the coverage by the adsorbed intermediate (Fig. 4.3.19B). These 
“circuits” exhibit frequency-dependent impedance and it is this that is measured in the 
AC impedance measurements. The impedance associated with the equivalent circuit in 
Fig. 4.3.19A can be written as: 


5 = i +i<«Cd (39) 

where j = (—1)^/^ and o) is the frequency of the AC signal. 

When the reaction is under charge-transfer control, the reaction rate is given by the 
Butler-Volmer equation (see Section 4.2.2) 

i = io[cxp(anF/RT) - exp{-(l - a)nFT]/RT]] (40) 

where i is the current density, io is the exchange current density, a is the transfer 
coefficient, and r/ is the overvoltage. At small perturbations in potential, for example, 
rj < 10 mV, Eq. (40) can be approximated as follows: 

i = ioFr]/RT or Rf = RT/Fio (41) 


RT/Fio is called the polarization resistance. Substituting Eq. (41) into Eq. (39) results 
in: 

(42) 

or 


Z = Zr + Zj 


(43) 


where. 


^ ^ FipRT 

' (F/o)2 + (<yCd/?7’)2 

o>Cd(RT)^ 

' \Fio)^ + ((oCdRT)^ 
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Zr and Z\ are the real and imaginary parts of a complex function Z. Eliminating oo from 
these equations leads to: 

LZr - {RTIlioFfl + zf = {RT/2ioFf (44) 

Thus, a plot of Zr vs Z\ shows a semicircle of RT/HqF in radius, with the center located 
at the coordinates, RT and 0, as shown in Fig. 4.3.20. 

When the electrode reaction is controlled by the charge-transfer and the mass- 
transfer steps, the plot at low frequencies deviates from the semicircle, as illustrated by 
line PQ. In fact, the Zr vs Zy plots, called the Cole-Cole plots or the Nyquist plots, are 
often skewed and the simple model shown above is inadequate. 

The experimental setup for measuring the AC impedance basically involves the 
measurement of the magnitude and the phase of an AC current generated in response 
to an applied low-amplitude (^^5 mV) alternating voltage and recording using phase- 
sensitive instrumentation. Two commercially available instruments popularly used are 
the Solatron Frequency Response Analyzer system, made in England, or the EG&G 
system, available in North America. 

The analysis and interpretation of the AC response usually follow this procedure. 

1. The observed frequency-response behavior is fitted to that expected of equivalent 
circuit models that simulate the behavior of the actual system. 

2. The frequency-response behavior is interpreted in an analytical, mathematical 
manner, based on electrochemical kinetic reaction mechanisms, together with a 
double layer capacitance. It must be emphasized that a given reaction mechanism 
dictates the equivalent circuit expected of it. However, fitting the experimental 
data to the theoretical impedance behavior is generally difficult and hence, great 
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caution has to be exercised in the impedance analysis. Computer programs are 
available for this purpose, for example, Z-plot. 

There are basically three ways of representing the AC impedance results. The first 
one involves plotting the modulus of impedance as a function of frequency. These plots, 
called Bode plots, reveal one or more inflections over the characteristic frequency ranges, 
corresponding to the frequencies of various electrode-kinetic relaxation processes. The 
second is the phase angle plot of vs log frequency, which can exhibit phase angle 
values of —90° to 0° for simple RC circuits or positive values when an inductive element 
is present in the equivalent circuit. The more popular way of representation is a plot 
of the imaginary vs the real components of the impedance at a constant potential, each 
point on the curve corresponding to a given frequency. These are called Nyquist plots. 
A useful summary of the frequency response of various equivalent circuits is available 
in refs. [65,67-70]. 


43A. Supporting Techniques 

Electrode performance is greatly influenced by the structure, morphology, and chemical 
composition of the electrode surface, which can be examined and characterized by a 
wide variety of physical techniques in addition to the electrochemical methods outlined 
in this chapter. These techniques [71,72] are noted in Table 4.3.2. Table 4.3.3 gives the 
sensitivity and response time for various groups of methods. Table 4,3.4 and Fig. 4.3.21 
give characteristics, detection limits [73], and applications for various types of surface 
analyses. Of these, scanning tunneling microscopy (STM) and atomic force microscopy 
(AFM) have received great attention in recent years as methods for examination of 
surfaces at an atomic scale [74-76]. Figure 4.3.22 is an example of an AFM profile of a 
Ru02 + Ti02 anode [77]. 


4. 5.5. Conductivity Measurements 

A knowledge of the conductivity of the electrolyte solutions, diaphragms and ion- 
exchange membranes is essential to calculate the ohmic drop in a cell, and thus to 
evaluate the dissipative energy losses in cell operation. Some definitions pertinent to this 
topic are noted below. 

1. Specific resistance: Specific resistance, p, is defined as the resistance between 
two electrodes of 1 cm^ area each, separated by 1 cm. Then, 

pi 

A 

where refers to the solution resistance in ohms (Q), / refers to the electrode¬ 
electrode distance in centimeters, and A to the geometric area of the electrode 
in square centimeters. From Eq. (45), it follows that p has the units of ohm- 
centimeter. Thus, the inverse, or specific conductivity <j, has the units of mho per 
centimeter. The specific resistance of metals is in the range of Q cm 
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TABLE 4.3.2 Modem Techniques for Surface Analysis 


Microscopy 


Transmission Electron Microscopy 

TEM 

Scanning Electron Microscopy 

SEM 

Field Ion Microscopy 

FIM 

Atomic Force Microscopy 

AFM 

Scanning Tunneling Microscopy 

STM 

High Resolution STM 

HRSTM 

X-ray Fluorescence Microscopy 

XFM 

Spectroscopy 


Primaiy spectrum 


Scattering spectrum 


High Energy Electron Diffraction 

HEED 

Small Angle X-ray Scattering 

SAXS 

Small Angle Neutron Scattering 

SANS 

Inelastic Neutron Scattering 

INS 

Electron Loss Spectroscopy 

ELS 

Absorption spectrum 


Fourier Transform Infrared 

FTIR 

X-ray Absorption Near Edge Structure 

XANES 

Extended X-ray Absorption Fine Structure 

EXAFS 

Secondary spectrum 


Infrared Spectroscopy 

IR 

X-ray Photoelectron Spectroscopy 

XPS 

Electron Spectroscopy for Chemical Analysis 

ESCA 

Auger Electron Spectroscopy 

AES 

X-ray Emission Spectroscopy 

XES 

Electron Impact Desorption 

EID 


TABLE 4.3.3 Sensitivity and Response Time of Various Techniques 


Technique 

Sensitivity (g) 

Response time (s) 

Atomic absorption spectroscopy 

Flame 

10 “^ 

1 

Graphite tube 

10 -* 

>100 

Polarography 

Conventional 

lO-IO 

100 

Modem 

10 “ 

>100 

Photoelectron spectroscopy 

10 “* 

100 

Electrochemical quartz crystal balance 

10 “^ 

O.l 

Cyclic voltammetry 

10 ”^ 

500 

Impedance spectroscopy 

10-8 

>100 

Potentiostatic pulsed measurements 

10 "* 

10 “"^ 



TABLE 4.3.4 Surface Analytical Techniques: Applications and Detection Limits 
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FIGURE 4.3.21. Analytical resolution vs sensitivity of various surface and bulk analytical techniques [73]. 
(With permission from Charles Evans & Associates.) 


(Table 4.3.5), which may be compared to the resistance of 1-100 cm for 
electrolytic solutions. 

2. Molal conductance: When two electrodes are placed 1 cm apart with such an 
area that the solution between them contains 1 mol of the given electrolyte, the 
conductance of such a system is termed molal conductance, defined by 
Eq. (46) 


X 


m 


1000 a 

~C 


(46) 


where C refers to the concentration of the electrolyte in moles per liter. If one 
equivalent of the electrolyte is present between the two electrodes, instead of 
1 mol, then the conductance would be the equivalent conductance, Xq, defined 
by 




1 ,000a 

N 


(47) 


where N refers to the normality. Xm and Xq have the dimensions of mho per 
square centimeter. 


4.3.5,1. Measurement of Resistance. The resistance of a conducting system can be 
measured by a Wheatstone resistance bridge, shown in Fig. 4.3.23. Current from a DC 
power supply passes to node A, where the circuit branches. A fraction goes through Rx . 
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Before 

Electrolysis 


After 

Electrolysis 


FIGURE 4.3.22. AFM images of Ru02 + Ti02 anode before and after electrolysis [77]. (With permission 
from C. Vallet.) 


This may go through D (in either direction), and the rest passes through /?2- The balance 
of the total current passes through the two known resistances, and R4. A current indic¬ 
ator D (e.g., a galvanometer) is connected between point F and junction B. When zero 
current passes through D, by appropriate adjustments of R2, the following relationship 
holds true: 


R3 R4 


( 48 ) 


Since R2, R3, and R4 are known, Rx may be computed from Eq. (48). 
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TABLE 4.3.5 Resistivities of Some Common 
Materials at 25°C 


Material 

Resistivity {Q cm) 

Reference 

A1 

2.826 X 10“®(20°C) 

78 

Au 

2.44 X 10“® 

78 

Ag 

1.60 X 10 -® 

78 

Cu 

1.72 X 10“® 

78 

Fe 

9.2 X 10"® 

79 

Hg 

95.78 X 10"® 

78 

It 

6.1 X 10-®(20°C) 

78 

Nb 

13.2 X 10"® 

79 

Ni 

7.8 X 10“®(20°C) 

78 

Pd 

11 X 10 "® 

78 

Pt 

10 X 10 “® 

78 

Sn 

11.5 X 10 "® 

78 

Ta 

15.5 X 10"®(20°C) 

78 

Ti 

55 X 10"® 

79 

W 

5.5 X 10"® 

78 

Zn 

5.8 X 10"® 

78 

Graphite 

0.3-3 X 10"3 

79 

Fe 304 

3.96 X 10"3 

79 

Pb 02 

9.08 X 10"® 

79 

Rh203 

130 

80 

Ru 02 

2 X 10 "® 

80 

Ir 02 

3 X 10"® 

80 

Pt304 

4 X 10"® 

80 

a-Pt 02 

1 X 10 "® 

80 

j 6 -Pt 02 

~6 X 10"^ 

80 

Mn 02 

10 

81 

Si 02 

3 X 10‘*(27°C) 

82 

Sn 02 

4 X 10®(20°C) 

82 

WO 3 

2 X 10® 

82 

TiO 

~8 X 10 "® 

83 

Ti 02 

> 10 *® 

82 


43.5,2, Measurement of Solution Conductivity. A typical cell for measuring solution 
conductivity is shown in Fig. 4,3.24. The cell is provided with inlets B and C, to fill it with 
the given electrolyte, and electrodes E and E', which are preferably platinized platinum. 
Electrical contact is made through the wires sealed in the glass wall. These electrical 
leads are also in contact with mercury in tubes A and D. The cross-sectional areas of 
the electrodes and the distance between them must be accurately determined in order to 
calculate the specific conductance. These precision measurements may be avoided by 
filling the cell compartment with solution of known specific conductance (usually a KCl 
solution of known concentration), and measuring the overall resistance, Rs- 

This permits the definition of cell constant eis b = 1/A = Rs(r. By measuring Rs, 
the cell constant may be calculated, since the value of cr is known for the reference 
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FIGURE 4.3.23. Schematic of a Wheatstone bridge for the measurement of resistance. 



FIGURE 4.3.24. Schematic of a conductivity cell. 


solution. Once the cell constant is determined, the specific conductance of any solution 
can be obtained by simply measuring the resistance and calculating a from Eq. (49): 


a = 


Rs 


(49) 


4.3,5.3, Diaphragm Resistance. The calculation of the resistance across a separator, 
such as an asbestos or a polymeric diaphragm, is identical to the method employed 
to determine the resistance of an electrolyte between two parallel plates. However, 
the distance between the two faces of a separator is not equal to its thickness, as the 
liquid path in the separator is tortuous and the area is restricted by the finite poros¬ 
ity. Therefore, the 1/A term in the parallel plate configuration should be modified to 
read as [tortuosity x length]/[porosity x area] or as the ratio of tortuosity to poros¬ 
ity, which is called the MacMullin number. The MacMullin number, characterizing a 
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porous separator, can be obtained experimentally from the resistances measured with 
and without the separator. The experimental test cell (Fig. 4.3.25A) is comprised of 
two platinized platinum electrodes placed in a two-compartment cell filled with IM 
K 2 CO 3 solution. The resistance is measured using the procedure outlined earlier with 
and without the test material placed between the electrodes. The distance between the 
electrodes is measured using a micrometer gauge or a cathetometer. 

Let the resistance with no separator be /?i, and the distance between the electrodes 
be x \. Then, the resistance per unit length of solution, /?, is 

p = (50) 

x\ 

Let the resistance with a separator of thickness 5 be /? 2 * Then, the tortuosity will 
be given by: 


Tortuosity _ R 2 - p{x 2 - 
Porosity pS 

This approach will yield a conservative measure of the tortuosity/porosity ratio for 
a given diaphragm. 


43.5A. Membrane Resistance. The resistance of an ion-exchange membrane can be 
measured directly by the cell shown in Fig. 4.3.25A with and without the electrolyte. 
The membrane resistance is: 

/?m ~ ^cell with membrane -^cell without membrane (52) 

An alternative approach is to place Au or Pt electrodes directly in contact with 
the membrane and measure the resistance using the cell presented in Fig. 4.3.25B. This 
method may include the contact resistance between the metal and the membrane, and 
hence mercury electrodes are preferred. 

One can also measure the potential drop across the membrane in a cell [84] depicted 
in Fig. 4.3.25C, where current is passed through large electrodes and the ohmic drop is 
measured between the Luggin probes placed close to the membrane so that the IR drop 
between the Luggin tip and the membrane is negligible. From the measured drop, the 
resistance could be calculated using Ohm’s law. 

The resistance of membranes can be measured by AC impedance methods [85,86], 
using the four-point-probe technique. The test membrane is placed in a cell consisting of 
two Pt-foil electrodes, spaced 3 cm apart, to feed the current to a sample of 3 x 1 cm^ and 
two platinum needles placed 1 cm apart, to measure the potential drop (see Fig. 4.3.26). 
The cell is placed in a vessel maintained at constant temperature by circulating water. The 
impedance measurements are then carried out at 1-10 kHz using a frequency-response 
analyzer (e.g., Solatron Model 1255HF frequency analyzer). After ensuring that there 
are no parasitic processes (from the phase angle measurements, which should be zero), 
one can measure the resistance directly. The membrane resistance can also be obtained 
directly from the real part of the impedance (see typical data in Fig. 4.3.27). 
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FIGURE 4.3.25. Schematic of cells for measuring the resistivity of membranes. Use of the three arrangements 
is described in the text. 
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nOURE 4.3.26. Apparatus for measuring conductivity [86]. (a) Cell top with four Pt electrodes; (b) cell 
bottom; and (c) the cell. (Reproduced by permission of The Electrochemical Society, Inc.) 











160 


CHAPTER 4 


103 


a 

o 

o 

c 

03 

•D 

(D 

Q. 

E 


102 




- 




Impedance 

- 

-Degree 

1 1 1 

I 


1 2 3 

log Frequency 


w 

0 ) 

E 

4 05 

<D 

Q 

0 %> 

< 

(D 
CO 
CO 


1-4 


-8 



FIGURE 4.3.27. Typical data for impedance analysis using the four-electrode impedance method on Bode 
type plot (top) and Cole-Cole type plot (bottom) [86]. (Reproduced by permission of The Electrochemical 
Society, Inc.) 
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4,4. ENERGY CONSUMPTION 

Electrochemical technologists routinely perform energy consumption calculations to 
understand and improve the economics of electrochemical operations and to compare 
alternative routes to products of interest. It is usually expressed in AC or DC kilowatt 
hours (kW hr) per unit weight of the substance produced electrochemically. Note that 
the electric utility companies charge the customers for the AC kWhr consumed in their 
operations. 

4A.L Faraday *s Law 

When current is passed across a metal/electrolyte interface, it results in an electrochem¬ 
ical reaction. An electrode at which an oxidation reaction takes place is termed an anode. 
An electrode at which a reduction reaction takes place is called a cathode (Fig. 4.4.1). 
Thus, dissolution of Ag to form Ag"*" ion is accompanied by the release of an electron. 
This is an example of an oxidation reaction, as shown in Eq. (1), where e refers to an 
electron. 


Ag-^Ag^ + e (1) 

Correspondingly, when silver is deposited from Ag"*" ions, electrons are consumed. 
This is a reduction reaction as depicted by Eq. (2). 

Ag+ + e ^ Ag (2) 

When a current passes through an electrolytic cell containing an anode and a cath¬ 
ode, oxidation reaction(s) and the corresponding reduction reaction(s) must take place 
at the respective electrodes, in order to ensure electroneutrality in the system. 

Positively charged ions are called cations (e.g., Ca^“*", Mg^“^, etc.). Cations tend to 
travel toward the cathode. Negatively charged ions are called anions (e.g., Cl~, F", etc.). 
Anions tend to travel toward the anode. Anions can react at the cathode and cations at 
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FIGURE 4.4. L Schematic of an electrolysis setup. 


the anode. This often leads to confusion since the tendency is to think of anions always 
reacting at the anode. 

By convention, current is considered to flow in the opposite direction of anion (and 
electron) movement as shown below. 


Negative ion flow —> Positive ion flow 
^ Current flow ^ Current flow 

Figure 4.4.1 summarizes the concepts introduced above. 


4A,LL Faraday's Law: Definition. “The number of equivalents of any substance lib¬ 
erated or deposited at an electrode is exactly proportional to the quantity of electricity 
which passes across the metal-electrolyte junction.” This is Faraday’s law, which is 
among the most exact in all of nature. It is independent of the shape of the electrode, 
temperature, the nature of the electrode, and the rate of current passage. 

One gram-equivalent of an oxidizing agent is defined as the weight of a substance 
that picks up an Avogadro number of electrons ("^6 x 10^^) in a given reaction. By 
the same token, one gram-equivalent of a reducing agent is defined as the weight of 
a substance that releases an Avogadro number of electrons. One Avogadro number of 




CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


165 


electrons is called the Faraday, described in Eq. (3): 

F = Nas^ 

Faraday = Avogadro number x charge of an electron 

IQ (3) 

= 6.064 X 10^^ X 1.591 x 10"‘^C 
= 96500C 

where C = coulomb and is defined as one ampere of current passed for one second. 

Based on the above definitions, Faraday’s law can be restated as follows: one 
Faraday of electricity produces or consumes one equivalent of any substance. For 
example, in the reaction of A1 and O 2 to produce AI 2 O 3 , aluminum changes valence 
from 0 to -1-3, and oxygen changes valence from 0 to —2. Each atom of A1 releases three 
electrons and hence, one gram-atom of A1 releases three times the Avogadro number of 
electrons. Thus, the equivalent weight of A1 is 9 g. For oxygen, the equivalent weight is 
8 g. The following example illustrates the use of Faraday’s law in estimating the yield 
of chlorine, when Y amps are passed over t min, during the electrolysis of a sodium 
chloride solution. The number of coulombs passed = Y x t x 60. 

Y X t X 60 

Hence, the number of Faradays =- 

96,500 

= Y X t X 6.21 X 10“^ Faradays 


The electrochemical reaction involved during the generation of chlorine is: 

2Cr -> CI 2 + 2e (4) 


Therefore, two Faradays produce a mole of chlorine gas. 

Hence, Y x t x 6.2176 x 10“"^ F will generate Y x t x 3.1088 x 10“^ mol or 
Y X t X 4.414 X lO''^ g of chlorine. 


4.4.2. Energy Consumption Calculations 

By definition, power expressed in watts is equal to amperes x volts, and energy expressed 
in watt-hours is equal to amperes x volts x time (in hours). Therefore, the calculation 
of energy consumption requires a knowledge of the overall reaction and the number 
of Faradays required to produce the desired product, the operating cell voltage, and 
the cell current efficiency, which is illustrated here for the case of electrolytic chlorine 
production. The main anodic electrochemical reaction during the electrolysis of brine is 
the discharge of the chloride ions to produce chlorine, as described by reaction (4). When 
the chlorine current efficiency, ^ci 2 > is 100%, one Faraday of electricity will produce 
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0.5 mol or 35.45 g of chlorine. Therefore, the number of coulombs required to produce 
1 ton of chlorine will be: 

1,000kg l,000 g 96,500C 2.722 xlO^C 

- ^ - — - 

ton kg 35.45 g ton of chlorine 


Hence, 

= Number of coulombs x cell voltage 

2.722 X 10^ X £'(A x V x ston”^ = Wston”*) 

2.722 X 10^ X ^(kWston-*) 

756.1 X £(kWhrton“‘) 

If the cell current efficiency is less than 1, and has a value of ^ci 2 » 

756. IE 

Pci 2 = -z-(kW hr/ECU) (5) 

?Cl2 

Note that ECU stands for Electrochemical Unit or 1 ton of chlorine and an equivalent 
weight of NaOH. Table 4.4.1 gives the theoretical coefficients needed to calculate the 
energy consumption per short ton and metric ton of chlorine, NaOH, and KOH. 

The units of the energy consumption figures calculated using Eq. (5) are in DC 
kWhr/unit product. However, some chlor-alkali plants require data on the energy con¬ 
sumption expressed in AC kW hr/unit product, in which case the rectifier efficiency, 
^rectifier* has to be taken into account: 


Energy consumption 
ton of chlorine 


PX (AC kW hr/unit product) = (kW hr/ECU) (6) 

SCI 2 srectifier 


Equations (5) and (6) will permit the calculation of the energy consumption of 
a given electrolytic cell operation. For calculating the overall process efficiency, it is 
necessary to account for the chlorine recovered during dechlorination. This is done 
by dividing Eq. (6) by the dechlorinator efficiency, which is generally in the range 
of 98-99%. Thus, the energy consumption for producing chlorine or caustic can be 
calculated using Eq. (5) or (6), with a knowledge of the cell current efficiency and 
the cell voltage. 


TABLE 4.4.1 Theoretical Coefficients for 


Calculating Energy Consumption 



Value for short ton 

Value for metric ton 

Cl2 

685.8 

756.1 

NaOH 

607.9 

670.2 

KOH 

433.4 

477.8 
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4.43. Current Efficiency 

4.4.3.1. Process Chemistry. The main electrochemical reactions occurring in chlor- 
alkali cells [ 1 ^] are: 


2NaCl ^ 2Na+ + CI 2 + 2e (at the anode) (7) 

and 

2 H 2 O + 2e ^ H 2 + 20H“ (at the cathode in diaphragm and membrane cells) ( 8 ) 
or 

Na“^ + Hg + e —> Na(Hg) (at the cathode in mercury cells) (9) 

Thus, chloride ions are discharged at the anode to form chlorine, and sodium ions 
are transported through a separator to form NaOH with the hydroxyl ions generated at 
the cathode. In mercury cells, the sodium ions are discharged at the cathode to form 
sodium amalgam, which is subsequently decomposed with water to generate NaOH. 

When a cation exchange membrane is ideal, the caustic current efficiency of the 
electrolyzer, ^oH» should be 100 %, whereas the gaseous chlorine current efficiency, 
^ci 2 » is expected to be less than 100 % because of: ( 1 ) chlorine losses arising from the 
finite solubility of chlorine in the brine and the several reactions involving the dissolved 
chlorine: 


Cl 2 (g) ^ Cl 2 (dissolved) ( 10 ) 

Cl 2 (dissolved) + H 2 O ^ HOCl -h HCl (11) 

HOCloH++OCr ( 12 ) 

2 HOC 1 + ocr ^ CIOJ + 2 H+ + 2 Cr (13) 

and ( 2 ) anodic oxygen evolution from the discharge of either the water molecules or the 
hydroxyl ions, following reaction (14) or (15): 

2 H 2 O ^ O 2 -f 4H+ + 4e (14) 

40H“ -^02 + 2 H 2 O + 4e (15) 


It may be noted that the oxygen evolution reaction (14) or (15) is thermodynamically 
favored over the chlorine evolution reaction. It results in the generation of electrons at 
the anode. Hence, the chlorine efficiency will be lower than the caustic efficiency. It is 
interesting to mention here that the caustic efficiency will never be 100 % because of the 
oxygen evolution reaction, as the H*^ generated via Eq. (14) must react with the OH” 
ions generated at the cathode to preserve the electroneutrality of the system. 

The presence of OCl”, HOCl, and CIO 3 in the anode compartment is not only a 
result of reactions (11-13) but also a consequence of the presence of NaOH, NaHCOa, 
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and Na 2 C 03 in the feed brine. These react with dissolved chlorine in the anolyte to form 
HOCl and OCl~ by reactions (16-18). Some of the HOCl goes on to form chlorate by 
reactions (12) and (13). 

NaOH -f* CI 2 ^ NaCl + HOCl (16) 

Na 2 C 03 + 2 CI 2 + H 2 O -> 2HOC1 + 2NaCl + CO 2 (17) 

NaHC 03 + CI 2 ^ HOCl + NaCl + CO 2 (18) 


Another species in the feed brine to the membrane cells that consumes CI 2 in the 
anolyte is Na 2 S 03 , via Eq. (19), which is generally added to remove the active chlorine 
in the feed brine to the ion-exchange columns in order to prevent the degradation of the 
ion-exchange resin by the hypochlorite [1]. 


Na 2 S 03 -h CI 2 + H 2 O Na 2 S 04 + 2HC1 (19) 

NaHSOs + CI 2 + NaCl + H 2 O ^ Na 2 S 04 + 3HC1 (19a) 

While reactions (19) and (19a) are important, the presence of Na 2 S 03 or NaHS 03 
is not considered in the material balance equations described below, since their levels 
in the feed brine are generally controlled in the range of 1-10 ppm. However, when the 
feed brine or the anolyte pH is less than three, it is essential that the material balance 
accounts for the HSO^ species because of reaction (19b). 

NaHS 04 + NaOH ^ Na 2 S 04 + H 2 O (19b) 


Note that the HSOJ ion concentration varies with pH since log ([S 0 ^”]/[HS 04 ]) = 
—2.86 -h pH at 90°C [5]. The corresponding expression for the SO^'/HSOJ equi¬ 
librium [5] at 90°C is log ([S 04 ”]/[HS 0 J]) = —7.72 + pH, which indicates the 
predominant species to be HSOJ below pH 7 at 90'^C. 


4A3.2, Generalized Caustic and Chlorine Current Efficiency Expressions. The caustic 
current efficiency can be directly determined by the caustic collection technique, using 
the amount of caustic produced over a certain period of time, a knowledge of the number 
of coulombs passed during the same period, and Faraday’s law. However, this is a tedious 
and time-consuming method. On the other hand, direct measurement of the chlorine 
produced is much more difficult for practical reasons. Hence, the chlor-alkali industry 
relies on indirect methods that provide rapid and accurate current efficiency values. The 
theory underlying the indirect methods is discussed in this section. 

A generalized material balance approach [2] is outlined here involving the molar 
flow rates of CI 2 , Cl, Na"^, and OH“ species across the electrolyzer, and the conventional 
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definition of the gaseous chlorine (fch) caustic efficiency (^oh)> expressed as: 


tcb = 


^Cl2 

IjlF 


toH = 1 


''OH 


ja^c 


I/F I/F 


( 20 ) 

( 21 ) 


according to which the chlorine current efficiency is the ratio of the amount of chlor¬ 
ine leaving the electrolyzer to the theoretically expected quantity of chlorine produced. 
Equation (21) defines caustic current efficiency as the ratio of the amount of caustic col¬ 
lected from the electrolyzer to the theoretical amount of caustic generated, which is also 
equal to the amount of sodium ions that have migrated from the anode compartment to 
the cathode compartment, divided by the amount of caustic expected from Faraday’s law. 

One can now derive the current efficiency expressions for CI 2 and NaOH from the 
material balance (i.e., input + generation — loss = output) of the Cl, CI 2 , OH“ (from 
the catholyte to the anolyte) and Na"^ (from the anolyte to the catholyte), following the 
schematic in Fig. 4.4.2, and Eqs. (20) and (21). 

The material balances for the Cl, CI 2 , Na“^ and OH“ are as follows from Fig. 4.4.2. 
In these expressions, the term J refers to the molar flow rate of the species (noted 


,0 0 

dCl2> d02 


,0 

dH2 



Exit 

Caustic 


Feed 

Caustic 


FIGURE 4,4,2. Schematic of the ion-exchange membrane cell describing the material balance around the 
electrolyzer [2], 
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in the subscripts) in the source stream (noted in the superscripts). An explanation of 
superscripts, subscripts, and other symbols used in these equations is as follows. 

'^SpSs Molar flow rate of species (noted in the subscript), in the source 
stream (noted in the superscript), moles per second. 

^ipSies Concentration of species (noted in the subscript) in the source stream 
(noted in the superscript) (moles per liter). 

Psp Energy consumption of species (sp) stated in the subscript, 

^/species '^Species ~ '^Species P^Species ~ ^^Species 
a anolyte 

c catholyte 

ch chemical 

d depleted brine for membrane cells or cell liquor for diaphragm cells 

D diaphragm 

e electrochemical 

f feed brine 

o gases leaving the electrolytic cell 

' feed catholyte 

" exit catholyte 

^Ci 2 Membrane cell chlorine current efficiency 

Chlorine efficiency losses from the formation of HOCl, 

OCP, CIOJ, and soluble chlorine in the anolyte 
^OH Caustic efficiency losses from the formation of HOCl, OCl, and 

CIO J in the anolyte, and neutralization of feed brine acidity 
^02 Diaphragm cell chlorine current efficiency 

Process chlorine efficiency for diaphragm cells 
Diaphragm cell hydrogen current efficiency 
^OH Membrane cell caustic efficiency 

^OH Diaphragm cell caustic efficiency 

^212 Mercury cell chlorine current efficiency 

^NaHg Amalgam formation current efficiency 

^NaOH Caustic current efficiency of mercury cells 

p Feed brine flow rate (liters per second) 

q Depleted brine flow rate for membrane cells or cell liquor flow rate 

for diaphragm cells (liters per second) 

P* =q/p 

F Faraday (96,487 A s or C) 

I Total current or load (amperes) 


4.4.3.2A. Cl Balance. The material balance for the Cl species is described by 
Eqs. (22) to (24). 


Input -- '^HOCl + '^NaOCl + -^NaClOB + ‘^HCl 

Generation = Loss = 0 


( 22 ) 

( 23 ) 


atput — y^aCl + + ‘^HOCl + '^NaOCl + '^NaClOs + ‘^HCI 
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From Eqs, (20) and (22) to (24), the chlorine current efficiency, |ci: 
deduced as: 


where 


?Cl 2 = 


ACl 

J]f 


-- Cl*^ - Cl'* 

= A(/NaCl + ^HOCl + -/Naa 03 + 2/012 + ^HCl + /NaOCl) 
" -^NaCl + + -^HOCl + -^NaOCl + -^NaClOj + -^HCI 


4.4.3.2B. CI 2 Balance. The material balance for the Cla-based species is 
Eqs. (28) to (31). 


Input — /qj + -^HOCl + -^NaOCl + 3/^80103 
Generation = = (I/2F) — 2Jq^ 

Loss = 

Output = + /hOCI + '^NaOCl + ^*^NaC 103 + 

The total amount of O 2 generated is, from the electrochemical and 
reactions, as described by Eqs. (14), (15) and (32). 

2HOC1 -^02 + 2HC1 


Hence, 




ch 


O 2 


From Eqs. (28) to (31), (33) and (20), it follows that: 

^ 1 + (2F/7)ACl2 

J ^ 2(%02/%Cl2) 


where. 


ACI 2 = c4 - ci^ 

= A(/ci 2 + /hOCI + /NaOa + 3 /NaC 103 ) 
CI 2 = /q 2 + -^HOCl + -^NaOCI + 3 /NaC 103 
CI 2 = /ci 2 + '^HOCl + -^NaOCl + ^-^NaClOs 


, , can be 

(25) 

(26) 

(27) 
(27a) 
(27b) 

given by 

(28) 

(29) 

(30) 

(31) 

chemical 

(32) 

(33) 

(34) 

(35) 
(35a) 
(35b) 
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The term, %02/%Cl2, in Eq. (34) arises from the fact that the mole fraction is equal 
to the volume fraction in a gas. 

Equation (34) requires a knowledge of the applied load, which can be avoided by 
using Eq. (36), which can be derived by substituting Eq. (25) into Eq. (34), followed by 
rearranging the terms. 


j ^ (2%02/%Cl2) - 2(ACl2/ACl) 


(36) 


4.4.3.2C. Na Balance. The Na material balance is described by Eqs. (37) to (39). 


f f f f 

Input = + /isfaCIOa + ‘^NaOH + ^'^Na 2 C 03 


‘^NaHCOs + 


Generation = Loss — 0 


NaOCl + '^NaHS04 + ^'^Na2S04 


Output — + ‘^NaOH + ^•^Na 2 C 03 


+ 


NaHC 03 


+ '^NaOCI + 


NaHS04 


+ 


+ 

* •'Mo- 


(37) 

(38) 

(39) 


From Eqs. (21) and (37) to (39), ^OH can be expressed as: 

ANa 

SOH = 


I/F 


(40) 


where 


ANa = Na^ - 

= A(7NaCI H- «/NaCI 03 + ^NaOH + 27Na2C03 + ‘/NaHC 03 + ‘^NaOCl 
+ TNaHS04 + 27Na2S04) 

Na^ =r + ^NaOH + ^'^Na2C03 

+ '^NaHC03 ‘^NaOCI + *^NaHS04 + ^'^Na2S04 

Na^ = + 7^30103 + *^NaOH + ^‘^Na 2 C 03 

+ ‘^NaHCOs + ‘^NaOCl + •^NaHS04 ^•^Na2S04 


(41) 


(41a) 


(41b) 


4.4.3.2D. OH Balance. From the material balance for the hydroxide species 
given through Eqs. (42) to (45), the caustic current efficiency can be deduced. 
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as expressed by Eq. (46). 


Input = ^ + 4oci + 2^/ 


NaOCl 


Generation = 0 


(43) 


Loss = 4 /^^+475^ 

Output = 7^001 + + 67j^aCiQ^ 

+ ^'^Na 2 C 03 + '^NaHCOs + ^^NaOH “ '^HCl “ ‘^NaHSOa 

( %02 \ F 


(44) 

(45) 

(46) 


where 


AOH = OH^ - OH*^ 

= A(yHOCl + 2yNaOCI + 67NaC103 + 2JNa2C03 + •/NaHC03 + -/NaOH 


- ^HCl — ■/NaHS04) 

(47) 

= -/hOCI + ^-^NaOCl + ^■^NaC103 + 2-^Na2C03 


+ -^NaHCOs + -^NaOH ~ -^HCl “ •^NaHS04 

(47a) 

= -^HOCl + 2'^NaOa + 6-^NaC103 + 2‘^Na2C03 


_l_ 7 ^ - 1 - 7 ^ _ 7^ _ 7 ^ 

^ ‘^NaHCOs ^ ‘'NaOH •'HCI ‘'NaHS04 

(47b) 


It may be noted that the last term in Eq. (42) is a result of OH" consumption by 
Eq. (19b). Elimination of the F// term, using Eq. (40) and the t^rm with Eq. (36) 
in Eq. (46), leads to: 


^OH = 


1 - 2(ACl2/ACl) 

(1 - AOH/ANa)[l + 2 (%02/%C\2) - 2(ACl2/ACl)] 


(48) 


The chlor-alkali producers sometimes prefer this version of the caustic current 
efficiency equation since it avoids the need for measuring the applied load. 

Since the current efficiency can be described based on the material balances for 
Cl, CI 2 , OH" and Na*^, there will be four seemingly different equations providing the 
same value. The various forms of general equations for CI 2 and NaOH efficiencies are 
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described by Eqs. (49) to (53). 


^ _ 1 + (2F//)ACl2 

- 1 + 2(%02/%Cl2) 

(49) 

ACl 

“ (ACl - 2 ACI 2 ) + 2(%02/%Cl2)ACl 

(50) 

1 

“ 1 + 2(%02/%Cl2) - 2(ACl2/ACl) 

(51) 

§OH = &I 2 + j(AOH - 2 ACI 2 ) 

(52) 

ANa 

“ (ACl - 2 ACI 2 ) + 2(%02/Cl2)ACl 

(53) 


where 


ACl = A(yNaCI + -/hOCI + '^NaClOs + 27ci2 + ‘^HCl + /NaOCl) 

ACI 2 = A(yci 2 + ‘^HOCl + J^aOCl + 3 yNaC 103 ) 

ANa = A(yNaCl + */NaC 103 + '^NaOH + 2 yNa 2 C 03 + ‘/NaHC 03 
+ JnslOCI + */NaHS 04 + 2 yNa 2 S 04 ) 

AOH = A(yHOCl + 2yNaOCl + ^yNaClOs + 2 yNa 2 C 03 
+ yNaHC 03 + JnzOH “ */hc 1 “ •/NaHS 04 ) 

The As in the above expressions refer to the differences in the mass flow rates 
of the relevant species in the equations. Equations (49) and (51) can be reduced to the 
various versions of the efficiency equations published in the literature [6-10] with the 
appropriate assumptions [2]. 


4.4.3.2E. Disparity between Chlorine and Caustic Inefficiencies. From Eqs. (25 and 
34) it can be shown that: 


I 2%02 


(54) 


or 


l=lci2+fo2+^Cl2 

In other words, the chlorine current inefficiency is a result of O 2 evolution and the 
formation of CIO^, OCl~, HOCl, and dissolved chlorine in the anolyte. 
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The origin of caustic current inefficiency can be traced by rearranging 
Eqs. (40) and (46), which results in Eq. (56). 


or 


1 = loH + §02 + §OH 


(57) 


Thus, the caustic inefficiency is a result of a loss of hydroxyl ions to the anode 
chamber resulting in (1) the generation of oxygen, (2) the formation of CIO^, OCl“ and 
HOCl in the anolyte, and (3) the neutralization of the feed brine acidity. 

The factors contributing to these inefficiencies may be deciphered by the rearrange¬ 
ment of Eqs. (34), (35), (46), and (47) in terms of the feed and depleted mass flow rates 
for the various pertinent components. When the feed brine contains no active chlorine 
species, and when there is no acid fed to the brine, 


^ / %02 \ ^ 2F 
§ci2 - 1 - j ^ci2 + -y 

X [^BpCLciOs ~ ^ (^ci2 + ^1 


d 

HOCl 


+ c\ 


NaOCl 


+ 3c; 


NaC103 


)] 


(58) 


and 


§OH 


+ y [t’ 

-q(c 


-NaClOs 


-f 2Ci 


Na2C03 


H-Ci 


NaHCOs 


+ Ci 


NaOH 


"NaHS 04 j 


+ 2C\ 


NaOCl + ^^NaClOs ” ^NaHS 04 


)] 


(59) 


It follows from Eq. (58) that the chlorine current efficiency decreases with increasing 
formation of active chlorine species and chlorate in the anolyte, the increasing active 
chlorine species being formed not only by the reaction involving CI 2 , and OH“ species, 
but also by interaction between CI 2 and alkalinity (i.e., Na 2 C 03 , NaHC 03 , and NaOH) 
present in the feed brine. Hence, lowering the alkalinity of the feed brine, by acid 
addition, should improve the chlorine efficiency. 

The disparity between the chlorine and caustic current efficiencies can be quantit¬ 
atively estimated from Eqs. (25) and (40) as: 


^OH — ?Cl2 “ y ^ (•^NaOH + 2/Na2C03 + -fNaHCOs “ '^HOCl “ AlCl “ (^ 0 ) 



176 


CHAPTER 4 


Eq. (60) reiterates that the disparity between the CI 2 and NaOH current efficiencies 
is a result of the alkalinity in the feed brine and the active chlorine species in the anolyte. 
If the feed brine is neutral and there is no active chlorine in the anolyte, it can be seen 
that 


?OH - fci2 = 0 


( 61 ) 


4.4.3.2F. Current Efficiency Equation for Membrane Cells. The chlorine and caustic 
efficiency expressions derived from the material balance for the various pertinent species 
across the electrolyzer are given by Eqs. (49) to (53). These equations need further sim¬ 
plification to eliminate the F jl term and the brine flow rate terms, especially the depleted 
brine flow rate q, because of the practical difficulties associated with its measurement. 

The ratio of the feed brine flow rate to the depleted brine flow rate can be determined 
from the various material balances described earlier. Thus, ANa can be expressed in 
terms of ACl, ACI 2 and AOH, employing Eqs. (25), (40), (46) and (54) as: 

ANa = ACl - 2 ACI 2 + AOH (62) 


since 


ACl = p[Cl]^ - ^[Cl]^*: ACI 2 = piChV - ^[€ 12 ]“; 

ANa = p[Na]^ - ^[Na]‘‘; AOH = p[OH]^ - 


where [ and [ ]** terms refer to the concentration of the non-bracketed molar flow 
rates described in Eqs. (27a), (27b), (35a), (35b), (41a), (41b), (47a), and (47b). 

Hence, Eq. (62) becomes: 

[Na/-[Cl]f + 2 [Cl 2 ]^-[OH]f 
p [Na]^ - [Cl]^ 4- 2 [Cl 2 ]‘^ - [OH]d ^ ^ 

Following proper substitution of the terms in brackets, using Eqs. (27), (35), 
(41), and (47), R* can be shown to be 

r'f 4- 

^ ^NaHS04 ^ *-Na2SQ4 
^NaHS04 ^Na2S04 


expressed as a ratio of the [NaHS 04 ] -f- [Na 2 S 04 ] in the feed and depleted brine, given 
by Eq, (64). This result should not be surprising since the transport of into the 
catholyte was not allowed in the material balance. 

It should be noted that anions such as Cl“, SO^” and CIO 3 are transported through 
the membrane into the catholyte by diffusion and electro-osmosis. However, this driving 
force is negated by migration, an electric field effect. Theoretical calculations [11] and 
experimental studies [ 12 ] show that while the transport of these anions is suppressed 
during normal operation, maximum carryover of anions into the catholyte occurs when 
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the applied load is zero. The magnitude of the transport of SO^ and CIO 3 was noted 
to be proportional to the corresponding anolyte concentrations, whereas the Cl” con¬ 
tent in the catholyte was found to decrease with increasing Cl” concentration in the 
anolyte. Overall, the concentration of Cl”, SO 4 ”, and CIO 3 in the catholyte is in the 
ppm range, even though they are in the grams per liter range in the anolyte and hence, 
were not considered in the overall material balance, although their presence can easily 
be incorporated in the formulation. 

Use of the SO^” ratio to estimate the ratio of the depleted brine flow rate and the feed 
brine flow rate, needed for calculating the efficiencies, requires accurate measurement 
of 804 “ in the range of 2-15 g L”^ in NaCl solutions of 200-300g L“^. Gravimetric 
analysis by precipitation of SO 4 ” as BaS 04 should, in principle, provide an accuracy 
of ±0.01%. Inductively coupled plasma analysis and ion chomatographic techniques 
for sulfate, on the other hand, involve dilution factors of the order of about 10 , and 
provide an accuracy of only 2-3%. Thus, while the use of a “sulfate ratio” to arrive at 
the ratio of ^is simple, it may not be a reliable method to estimate the efficiencies 
unless a practical and accurate method is available for determining SO 4 ” in brines. 
Issues related to the adverse effect of SO 4 ” on the membrane performance, disclosed 
in the literature, should be paid close attention to while considering sulfate additions 
to the feed brine [13,14] to determine the ratio of the feed and depleted brine flow 
rates. 

Another approach to arrive at the magnitude of the q/p term is by a Na or Cl 
material balance. Thus, the Na material balance from Eq. (41) leads to 


or 


^ ^ ^ 1^ _ /goH 
p [Na]^* pFCNajd 


(65) 



( 66 ) 


where L = [Na]^/[Na]‘* and M = l/[Na]‘*. Similarly, the Cl balance results in 


R* = i = 

p [ci]<* pF[a]‘^ 


or 


R* 



(67) 


( 68 ) 


where X = [C1]^/[C1]‘* and Y = 1/[C1]‘*. Substitution of Eqs. ( 66 ) and ( 68 ) in 
Eqs. (34) and (46), followed by algebraic manipulations, leads to the caustic current 
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efficiency expression as: 


?OH == 


1 - {F/Dp [2(1 - C)(LC1^ - c4) + CCLOH*^ - OH^) 
C-M 2(1 - C)Clf + COH^ 


(69) 


where C = 1 + 2(%02/%Cl2). 

Similarly, substitution of Eq. (68) in Eq. (34) leads to 


tci2 = 


l-(2F//)p (XCI^-C^) 

c - 2yci^ 


(70) 


Equation (70) provides an estimate of the cell efficiency for chlorine and accounts for 
the dissolved chlorine in the anolyte, which is generally recovered during dechlorination 
operations. 

The process chlorine efficiency, can be determined from Eq. (71) assuming 
100% recovery of the dissolved chlorine and the active CI 2 species from the depleted 
brine, when the terms involving the dissolved CI 2 and the active chlorine are omitted 
from Eq. (70). 


1 - {2F/I)p 

Xo 

(^^NaClOs^ 

1-1 

u 

1 

C-2Yo{ 

^^^NaClOs) 



(71) 


where 


= (^NaCI + ^NaCIOs) /^ 

>0 - (^NaCI + ^NaCIOa + 

Thus, from Eqs. (69) to (71), the chlorine and caustic current efficiencies of 
membrane cells can be determined without any ambiguity in the choice of operating 
parameters. The reader is referred to ref. [9] for estimating the concentration of dis¬ 
solved chlorine in NaCl solutions required for calculating the chlorine and caustic current 
efficiencies using Eqs. (69) and (70). 

It is important to note that the process chlorine efficiency is essentially the same as 
the cell caustic efficiency since, from Eq. (60), it can be seen that: 

f 

?OH - Ici2 “ y ^(‘^NaOH + •/Na 2 C 03 + ^NaHCOs “ ‘^HCl) (72) 


The difference between |oh and is approximately 0.7% under normal operating 
conditions. 
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FIGURE 4.4.3. Schematic of the diaphragm cell describing the material balance around the electrolyzer [2]. 


4.4.3.2G. Current Efficiency Equations for Diaphragm Cells. In a diaphragm cell, the 
anolyte percolates through a porous separator into the catholyte, whereas in a mem¬ 
brane cell, Na"^ and H2O are the only major species transported from the anolyte to 
the catholyte. The chlorine current efficiency may now be determined from the material 
balance of the chlorine tracking species,* shown in Fig. 4.4.3, and described through 
Eqs. (73) to (76). 


Input = 343CIO3 

(73) 

Output = 34 ^cio3 + -^012 

(74) 

Generation = //2F — 2/0^ 

(75) 

Loss = 2J^\ + (1 - ) I/2F 

(76) 


The loss term, represented by Eq. (76), accounts for the oxygen generated 
chemically via Eq. (8), and for the blind current losses (BCLs) arising from the thermo¬ 
dynamically favored cathodic reduction of OCl” and CIO3 , as described by reactions 
(77) and (78). 


ocr H- H2O -h 2e cr + 20H“ (77) 

CIO" + 3H2O -h 6e cr + 60H" (78) 


'Generally, the feed brine to the diaphragm cells and the exiting caustic liquor do not contain any active 
chlorine species. However, if these species (i.e., CI 2 , HOCl, OCl“) are present in the feed brine or cell 
liquor, the material balance can easily be modified to account for their presence. 
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These cathodic reactions affect only the amount of current used for the H 2 evolution 
reaction and not the hydroxyl ion formation rate. Hence, the magnitude of these BCLs can 

be quantified from the moles of H 2 evolved, which is equal to 7/2F. Since, 


and 



I/2F 


"O 2 


_ rC , rCh _ 

— ‘'O 2 ^ ''O 2 “ 



it can be shown, from Eqs. (73) to (76), that: 



+ (6F//)AyNaC103 
1 + 2(%02/%Cl2) 


(79) 


(80) 


(81) 


The caustic current efficiency expression for diaphragm cells can be derived from the 
NaOH material balance in a similar way, employing Eqs. (82) to ( 86 ) (see Fig. 4.4.3 for 
a schematic of the material balance across the cell, taking into account the BCLs). Thus, 


Input — /NaOH ~ -^HCl + ^■^Nsl 2 COj 


+ -^NaHCOs + ^-^NaClOs ~ -^NaHSOa 

(82) 

Output = /j^aOH + 6 /NaC 103 

(83) 

Generation = I/F 

(84) 

Loss = 4/^ + 4 /^ + (1 - ) i/F 



(85) 


Since, 

iS„ = w 


it can be shown from Eqs. (82) to (85) that: 

+ y (^^yNaCIOj + 2^NaiC03 + ^NaHCOj 

.) 


“Airi “b 'A 


NaOH ~ •'NaHS 04 i 


(87) 
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Elimination of from Eq. (87), using Eq, (81), results in: 




+ 




NaOH 


+ 27^ 


f 


Na 2 C 03 


+ 7i 


f 


NaHCOs 


‘^HCl ''NaHS 04 ; 


( 88 ) 


Thus, Eqs. (81) and (88) represent the chlorine and caustic efficiency expressions 
derived rigorously from the appropriate material balances while accounting for the BCLs. 
Equations (81) and (88) can be simplified, by expressing the depleted brine flow rate in 
terms of caustic current efficiency as: 


^ = 




OH 


F 

'^NaOH 


(89) 


Thus, the equations describing the caustic and chlorine current efficiency for 
diaphragm cells are given by Eqs. (90) and (91). 


^ ^ j6cLcio3 + [1 + 2(%02/%a2)]G j 

1 + 2(%02/%Cl2) + 6 (Cd,ci 03 /CNa 0 H) 


+ (6F/I)p 

— 1 

[^NaC 103 ' 

(^NaC 103 /^Na 0 H j 

>g) 

l + 2(%02/%Cl2) + 6( 

i^NaClOs/^NaOH) 

t 


(^NaOH + 2GL2CO3 + ^NaHC03 ~ ^HCl “ ^NaHS04 


(90) 

(91) 


where the hydrogen current efficiency, can be shown to be: = 1—2 

c^/^NaOH^ Appendix 4.4.1). Note that the hydrogen inefficiency arises from 
the BCLs due to the discharge of the available chlorine at the cathode. However, the chlor- 
alkali industry routinely measures only the chlorine current efficiency of diaphragm cells 
using the relationship in Eq. (92) detailed in [1,7,13]. 



1 

1 +T(%02/%Cl2) + a 


(92) 


where 


^ (^NaC 103 ^NaCIOs) 

'^NaOH 

An alternate expression for a used by some chlor-alkali producers is 

xC^ 

•^^NaClOs 
a = - ^ ^ 

^NaOH 


(93) 


(94) 


where x has values varying from 2 to 8. 
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Comparison of Eq. (94) with Eq. (91) clearly shows that Eq. (92) is a “crude” 
approximation for estimating the chlorine current efficiency of diaphragm cells operating 
with acidic or basic feed brine. Calculations show that the “six equation” (Eq. 93) 
overestimates the efficiency by 1-2% compared with the rigorous Eq. (91). 

The F jl term in the numerators of Eqs. (90) and (91) can, in principle, be eliminated 
using the Cl or Na material balance across the diaphragm cell, given by Eqs. (95) and (96). 



(95) 


where 


ACr = A (yNaCI + ^NaClOs + -^HCl) 

and 



where 

ANa* = A(/NaCl + '^NaClOa + 2 yNa 2 S 04 ) + '^NaOH 
+ -^NaHCOa + ^'^Na 2 C 03 + ‘^NaHS04 

However, the resulting expressions will be unwieldy because the cell liquor flow rate 
term, q, required for expanding A(species) involves the I/F terms via Eq. (89). Equa¬ 
tions (90) and (91) can be rearranged to arrive at Eq. (93) with a = 
only when the feed brine is devoid of NaC 103 , NaOH, NaiCOs, NaHCOs, NaHS 04 , 
and HCl, that is, when the feed brine is neutral and does not contain NaC 103 , and the 
BCLs are negligible. Feed brine alkalinity and chlorates can be best accounted for only 
by employing Eq. (90) or (91) for calculating the caustic or chlorine current efficiency. 


4.4.3.2H. Current Efficiency Equations for Mercury Cells. A schematic of the mercury 
cell is depicted in Fig. 4.4.4. As stated earlier, the cathodic reaction in the mercury cell is 
the discharge of the Na"^ ions to form sodium amalgam as described by reaction (9). The 
material balance for the CI 2 and the Cl species for the mercury cells are the same as in 
the membrane cells and hence, the chlorine current efficiency of the mercury cells, 
is given by Eq. (49), which can be simplified by using Eq. (97) obtained from Eq. (25) 
to result in Eq. (98). (See ref. [15] for details.) 

p{C\^) = q(C\f + ^ (97) 

F/I 

(1 + F//)p [6Cf ,cio3 + Cl, - (C1 Vc1^)(6C^3ci 03 + ^^av.Cl2)] 

1 + (2%02/%Cl2) - (l/(Cl)d)(6 C^,cio3 + 2Cfv.ci2) 


( 98 ) 
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CI2, O2 



Equation (98) can be further simplified. The feed brine flow rate is almost equal to 
the depleted brine flow rate, since the water loss in the cell is about 0.5 kg min“ ^. Hence, 
p — q. Thus, can be rewritten as: 


^Cl 2 I ^ {2%02l%C\2) - (( 6 ANaC 103 + 2ACl2)/ACl) 

All the parameters in Eq. (99) are experimentally accessible except ^av Cb 

in the A Cl term. These values can be calculated using the correlations given in 
Appendix 4.4.2 [16]. 

Sodium amalgam formation efficiency, ^NaHg? is defined as: 


^NaHg = 


/d _ rf 
^NaHg *^NaHg 

//F 


( 100 ) 


The “Na” material balance across the cell can now be formulated as follows: 


f f f f 

Input = J]^aC\ + -^NaClOs + -^NaHg + -^NaOCI 

Output = + -/NaClOs + -^NaHg + -^NaOCl 

Generation = Loss = 0 

Defining 

Na^ = -^NaCI + -^NaClOa + -^NaOCl 


( 101 ) 

( 102 ) 

(103) 


( 104 ) 
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and 


Na^ ““ *^NaCl 




NaClOs •'NaOCl 


and rearranging the terms in Eqs. (100) to (105) results in: 

♦^NaHg ~ -^NaHg _ (Na^- Na^) 


^NaOH “ 


//F 


//F 


(105) 


(106) 


Equation (106) assumes that all the sodium amalgam is decomposed to form caustic, 
and that there are no caustic losses during caustic collection. Rearrangement of Eq. (106) 
with p = q leads to the caustic current efficiency expression (107) for the mercury cells. 


§NaOH 




ACnaCl + ACNaClOa + ACNaOcA 


I/F 


(107) 


Elimination of the p/(I/F) term, using Eq. (25) and the identity p = q, leads to 
Eq. (108), 



ACNaCI + ACNaClOa + ACNaOCl 
Cl^ - Cl^* 



(108) 


which will permit the calculation of caustic efficiency from the chlorine current efficiency 
calculated using Eq. (99). 

All the sodium in the sodium amalgam formed in the cell is converted to caustic in the 
decomposer. However, all of the caustic generated in the decomposer is not collected, 
as some slips back to the cell. Hence, the measured caustic efficiency ^NaOH 
equal to: 


where 


f-m* _ tm f-s 

^NaOH — ?NaOH ^NaOH 


(109) 


^NaOH — 


js 

•'NaOH 

I/F 


(109a) 


y^aOH 1^® amount of caustic slipped back to the cell measured in units of moles of 
caustic per liter of mercury, and can be experimentally determined by taking a known 
amount of Hg (50 ml) going back to the cell, mixing with 50 ml deionized water, and 
measuring the pH of the resulting water. From this measured pH value, pH"*, the amount 
of caustic slipped can be calculated by: 


1 = F* I 




— n* 
•'NaOH — P 


^Twiop^^y* 


( 110 ) 
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where X* and Y* are the amounts of mercury and water used (in liters) in the above 
test, p* is the flow rate of mercury to the cell in units of liters per second, and A'w is the 
dissociation constant of water, which is at 25®C. 

There is yet another way to calculate the caustic current efficiency based on the 
charge balance. The cathodic current constitutes the current used for Na"^ ion deposition 
to form sodium amalgam, and the current for H 2 evolution reaction. Hence, 


^NaOH — ^ ~ 


^H 2 

I/2F 


Substituting Eq. (20) in Eq. (Ill) results in: 


jO tm 

Jm -^H2^Cl2 

^NaOH ^ .0 

*'Cl 2 


Since the mole fraction is equal to the volume fraction, Eq. (112) becomes: 


( 111 ) 


( 112 ) 


^NaOH — 1 


%Cl 2 


(113) 


Thus, it follows from Eqs. (109) and (113) that 


^NaOH — 1 


^a2%H2 

%Cl 2 


?NaOH 


(114) 


^NaOH ^ determined from ^^aOH’ expressed by Eq. (109a), and a knowledge of 
//F, and %H 2 /%Cl 2 . 


4.4.3.21. Errors Involved in the Energy Consumption and Efficiency Calculations. Error 
analysis using the “propagation of errors” technique, in Appendix 4.4.3, shows the error 
associated with the process chlorine efficiency to be ± 0.25% and the error in the energy 
consumption, AP, calculation to be ±15kWhrton"^ of CI 2 as shown in Table 4.4.2. 
The analytical method, along with its precision is detailed in Table 4.4.3. 


4.43.3. Sources of Current Inefficiency. The primary sources of chlorine current effi¬ 
ciency are: ( 1 ) oxygen generated during chlorine evolution, be it chemical from the 
decomposition of HOCl or OCl~ or electrochemical as described by the reactions (14) 
or (15), and (2) formation of OCl~, HOCl, and CIO 3 by reaction schemes (10)~(13) and 
(16)-(18). On the other hand, the main reason for the caustic inefficiency in membrane 
and diaphragm cells is the back-migration of caustic leading to the same inefficiencies 
noted above. However, with mercury cells, the cathodic inefficiency is a consequence 
of the hydrogen evolution reaction (HER), initiated by impurities in the feed brine. 
The fundamental factors associated with these inefficient reactions are addressed in this 
section. 



186 


CHAPTER 4 


TABLE 4.4.2 Error Analysis for Current Efficiency and Energy 
Consumption 


Current efficiency (%) 


Energy consumption 
(kWhrton"' CI 2 ) 

fcl2 

^?Cl2 

P 

AP 

Diaphragm cell data from plant A 

98.39 

0.17 

2,634 

12 

95.84 

0.17 

2,623 

12 

90.34 

0.14 

2,694 

12 

Membrane cell data from plant A 
95.33 

0.21 

2,626 

13 

93,62 

0.22 

2,727 

14 

90.34 

0.22 

2,741 

14 


TABLE 4.4.3 Analytical Methods for Calculating the Current Efficiency 


Item 

Analytical method 

Precision 

a. Feed brine 

NaCl 

NaCIOs 

NaOH 

Na 2 C 03 

Flow rate 

AgN 03 titration-Na 2 Cr 04 indicator 

Mixed acid-FeS 04 titration 
Autotitrator-potentiometric 
Autotitrator-potentiometric 

Cell rotameter 

±2.5gpl 
± 0.005 gpl 
± 10 ppm 
± 10 ppm 
±0.15Umin 

b. Depleted brine 
NaCl 

NaClOa 

NaOCl 

pH 

AgN 03 titration-Na 2 Ci 04 indicator 

Mixed acid-FeS 04 titration 

Titration-KI starch indicator 

Orion-double electrodes 

±2.5gpl 

±0.02gpl 
± 0.05 gpl 
± 0,1 unit 

c. Cell liquor 
NaOCI 

NaCIOs 

NaOH 

Titration-KI starch indicator 

Mixed acid-FeS 04 titration 
Autotitrator-potentiometric 

± 0.5 gpl 
± 0.02 gpl 
± 1.5 gpl 

d. Cell gas 
%02 
%Cl2 

Gas chromatography—direct with standard 

Gas chromatography—by difference, no standard 

± 0.05% 

± 0.20% 


4.4.3.3A. Oxygen Evolution 

Electrochemical Oxygen Evolution, Thermodynamically, the oxygen evolution reaction 
is favoured over the chlorine evolution reaction in aqueous solutions because the standard 
reversible potential is 1.23 V for the oxygen evolution reaction and 1.35 V for the chlorine 
evolution reaction. However, because of the slow kinetics of the oxygen evolution 



CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


187 


reaction compared with the chlorine evolution reaction, chloride ion discharge predom¬ 
inates. This is schematically illustrated in Fig. 4.4.5, which shows that because of the 
high exchange current density and the low Tafel slope for the electrochemical discharge 
of the chloride ions to form chlorine on Ru 02 -based electrodes, the ratio of current 
producing chlorine to that generating oxygen is high. At low overvoltages, the ratio is 
smaller, as a result of which the %02 in CI 2 increases. 

These qualitative statements can be quantified by examining the relevant kinetic 
equations. Thus, when two electrochemical reactions are simultaneously occurring under 
activation-controlled conditions, as in the case of O 2 discharge during the course of 
the CI 2 evolution reaction, the total current, i, may be represented as the sum of the 
contributions from the individual reactions as: 

i=ich~^^02 (115) 

The partial currents, ich 1^^ expressed in the Tafel form as: 

ic\2 = /o,ci2 exp(^^ci2) (116) 

I 02 = «0,O2*^* exp(A:'(;7cl2 + AE)) (117) 


Potential 



FIGURE 4.4.5. Schematic of the polarization behavior of the oxygen and the chlorine evolution reactions. 
Note that jci 2 , 2 /^ 02,2 ^1 ^2 ^ ^Cl 2 ,l/* 02,1 because the Tafel slope for the oxygen evolution reaction 
is higher than that for the chlorine evolution reaction. Therefore, the %02 in chlorine is higher at low current 
densities. 
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where 

ici 2 partial current for the chlorine evolution reaction 
io 2 partial current for the oxygen evolution reaction 
A surface area of the electrode 
r]c \2 chlorine overpotential. 

Defining the chlorine current efficiency, 


(118) 


Ici 2 be expressed in terms of the kinetic parameters characterizing the 

electrochemical reactions contributing to the total current as: 


?Cl2 = 



_ 1 _ 


(119) 


where z = (fc — k) where k and k^ refer to the inverse Tafel slopes of the chlorine and 
oxygen evolution reactions, respectively. 


3 = ML.exp(*'A£)-Ooci2-^)' = 

*0,Cl2 

k' = pF/RT 

- (®C1, + 2f '"z: ■ 4F '"5 


POl 

2 

H20 


A£ = A£^ + 2.303^pH 


( 120 ) 

( 121 ) 

( 122 ) 

(122a) 


where Eq^ refer to the standard electrode potentials of the couple CI 2 /CI" and 
O 2 /H 2 O couple respectively, pci 2 to the partial pressure of chlorine, po^ to the partial 
pressure of oxygen, R to the gas constant, and T to the temperature in Kelvin. 

It follows from Eq. (119) that Icia is a strong function of 5, f, z and pH, and will 
increase with increasing current density when k > k\ which is the case for the present 
system, as the Tafel slope for the CI 2 evolution reaction is ^40 mV and the corresponding 
value for the O 2 evolution reaction is 130 mV at 95°C, From Eqs. (115), (118) and (123), 


7O — . jO _ 

CI 2 2F’ 4F 


it can be shown that the %02 in gaseous CI 2 is 


(123) 


%02 = (l-§Cl2)/(l+§Cl2) 


( 124 ) 
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The dependence of %02 on pH and current density for various ratios of /o, 02 / ^,ci 2 
and i, is shown in Figs. 4.4.6 and 4.4.7. Thus, the %02 generated is a function of the 
pH at the electrode surface, the current density, and the ratio of the exchange current 
densities of the O 2 evolution reaction and the CI 2 evolution reaction, and it varies as 
2Q0.5pH®^ pjje being the pH value at the electrode surface [17-19]. 

The pH at the anode surface is not the same as in the bulk because the H"*" ions 
generated at the anode by reaction (14) are transported to the bulk by diffusion. Thus, 


Jii+ = — f^H+ 



(125) 


where /h+ refers to the flux of H"*" ions, Ch+ to the concentration of H+ ions, and x to 
the distance coordinate. 

Approximating, 


\ djc / 8* 

where the superscripts e and b refer to the electrode surface and the bulk respectively, 
and 8* to the diffusion layer thickness, and expressing 



(126) 



‘ 1.0 1.5 2.0 2.5 3.0 3.5 4.0 4.5 5.0 5.5 6.0 

pH® 


FIGURE 4.4.6. Calculated variation of the %02 with the pH at the electrode surface, pH®, using Eq. (124) 
for io,Cl 2 = ^ mAcrn”^ and ^ 0 , 02 /^ 0,012 — 0*001 at 95°C. 
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FIGURE 4.4.7. Calculated variation of the %02 with current density for various ratios of io,02 / *0,Cl2 ^sing 
Eq. (124) for i'o.cij = 1 mAcrn-^ and pH® = 3.5 at 95°C. 


the pH at the electrode surface, pH®, can be related to the bulk pH, pH^, as: 

pH==pH‘-log{. + (^)(^3^)) (.27, 

where 

=oh+/5* 

The factor 10”^ in Eq. (127) arises because the units of Ch+ are in mol/liter. It follows 
from Eq. (127) that pH® is a function of the current used for oxygen evolution, and that 
the value of the pH® will be low even though the bulk pH is high. Figure 4.4.8 illustrates 
the variation of %02 with the bulk pH for various boundary layer thickness values. 
Another possible source of oxygen is the direct electrochemical oxidation of OCl“ to 
CIOJ. 


60cr -h 3 H 2 O I. 5 O 2 + 2C10J + 4Cr + 6H+ -f 6e (128) 

Equation (128) was proposed as one of the causes of the presence of O 2 in electro¬ 
lytic sodium chlorate operations using graphite anodes. However, there is no evidence 
for its participation in chlor-alkali cells because (1) the anolyte pH in these cells is ca. 
3-5 where hypochlorite is not a major species and (2) the anode potentials are much 
lower than that required for reaction (128) to take place at any measurable rate. 
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pH^ 

FIGURE 4.4.8. Calculated variation of the %02 with the bulk pH, pH^, for various diffusion layer thickness 
values using Eqs. (124) and (127) for i = 0.3 Acm“^; io,Cl 2 = ^ cm“^; io ,02 ~ ^ cm~^ at 95°C. 


Chemical Oxygen Evolution. The other source of O 2 during CI 2 evolution is the 
decomposition of OCl” and HOCl as: 

2HOC1 ^02 + 2HC1 (129) 

20cr ^02 + 2cr (i30) 

However, the reaction rate of 2.04 x 10“^ min“^ [20] for reaction (129) and 5.64 x 
10”^ L moP^s”^ [21] for reaction (129) at 95°C will lead to unreasonable values of 
%02, in contrast to the observations which show a 10^‘^P^^ dependency of %02 at pH 
values > 5. Hence, it appears that while these reactions are possible, they may not be 
proceeding at measurable rates in commercial operations. 

It should be noted that the rates of Eqs. (129) and (130) are enhanced by cations 
such as Ni^“*", Co^"*", and Cu^“^. Therefore, it is prudent to exclude these cations from 
the feed brine. 

Thus, the primary and major reaction contributing to the %02 in CI 2 is the electro¬ 
chemical formation of O 2 from H 2 O molecules or OH“ ions. The %02 can be reduced to 
very low levels by the proper choice of anode materials, and by adding HCl to lower the 
pH, as a result of which fci 2 will be higher than that achieved by suppressing reactions 
(11) and (13). 


4.4.3.3B. Chlorate Formation. The soluble chlorine-based species in the anolyte, lead¬ 
ing to the chlorine current inefficiency, are dissolved chlorine, HOCl, OCl“, and CIO^. 
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The first three are generally recovered by HCl addition at the dechlorination stage, which 
will force the reactions (11) and (12) backward to release molecular chlorine. The chlor¬ 
ine values in the chlorate can also be recovered following the reaction schemes (131 and 
131a) or (132) to improve the process efficiency. 

2 NaC 103 + 4HC1 2 CIO 2 + CI 2 + 2NaCl + 2 H 2 O (131) 

2 CIO 2 ^ CI 2 + 2 O 2 (131a) 

NaClOs + 6HC1 NaCl + SCh + 3 H 2 O (132) 

However, this is not universally practiced because of the cost of additional equip¬ 
ment required for this operation and the corrosive nature of the medium. As a result, the 
chlorine current efficiency is decreased to the extent that is consumed by chlorine during 
the formation of chlorate, which can be described by the reaction scheme (133). 

3Cl2 + 6NaOH ^ NaClOs + 5NaCl + 3 H 2 O (133) 

It is stated [22] that the %02 and the chlorate levels in the anolyte are functions 
of the nature and composition of the anode coating. It should, however, be emphasized 
that while the %02 is indeed a function of the anode coating composition, the ratio of 
the exchange current densities of the oxygen and chlorine evolution reactions and the 
surface pH at the anode. The rate of chlorate formation, F, is solely dictated by the bulk 
pH, pH^ [15,23], as given by the relationship (134), and as shown in Fig. 4.4.9. 

r = —^ 

kVCf ((/sTa + 10-PH)3 

0.16 
o 

2 0.14 

_o 

6 0.12 

O u 

05 C °-''0 

OT o 

^ 15 0.08 
CO c 
CO E 

o 0.06 
c u- 
o 

‘co 0.04 
c 
0 ) 

E 0.02 
Q 

0.00 




FIGURE 4.4.9. Dimensionless rate of chlorate formation as a function of pH. 
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where 

r = /feV[HOCl]2 [OCr] 

V = Volume of the reactor vessel 
Ct = [HOCi] + [ocr] 

A: = Rate constant for reaction (13) = 8.509 x 
A'a = Equilibrium constant for reaction (12) = 3.04 x 

High %02 and low anolyte chlorate levels are self-consistent as, at high %02 
levels, the bulk pH is low and hence, the chlorate formation rate is minimized and vice 
versa. Anode composition and its electrochemical characteristics influence the amount 
of chlorate formed only via the pH in the bulk, which is dictated by the %02 generated 
at the anode. 


4.4.3.3C. Parasitic Reactions at the Cathode. The anolyte in all three chlor-alkali tech¬ 
nologies contains dissolved CI 2 , HOCl, OCl” and CIO J. All these species can be reduced 
at the cathode 


CI 2 + 2e ^ 2Cr 

(135) 

HOCl + 2e Cr + OH“ 

(136) 

OCr + 2 H 2 O + 2e ^ cr + 20H- 

(137) 

CIO^ + 3 H 2 O + 6e ^ cr + 60H- 

(138) 


as they are thermodynamically favored. Reactions (135)-(137) are mass-transfer con¬ 
trolled, and reaction (138) takes place under kinetic control [17]. Since the product of 
reactions (136)-(138) is the hydroxyl ion, the caustic efficiency is not affected by these 
reactions. However, the current efficiency for hydrogen will be lowered by the extent to 
which these reactions take place. As the caustic efficiency is unaffected by these para¬ 
sitic reactions, which are consuming part of the cathodic current, these inefficiencies 
are called “blind current losses” or BCLs, introduced in Section 4.4.3.2G. This is not 
the situation in mercury cells where the main cathodic reaction is the discharge of Na“^ 
to form sodium amalgam. The amalgam formation efficiency will indeed be reduced, 
but only to a very small extent since the hypochlorite reduction reaction proceeds under 
diffusion limited conditions, the limiting current density being about 1.4 A m“^ (at a 
NaOCl concentration of 5 g L”^ and a diffusion layer thickness of 0.01 cm). 

The reaction that adversely influences the amalgam formation efficiency is the 
HER at the cathode in the mercury cells. Sodium ions are discharged at the mercury 
cathode to form a dilute sodium amalgam, the reversible potential for the 0.2% sodium 
amalgam being about 1.85 V vs standard hydrogen electrode (SHE) in concentrated 
NaCl solution [24]. On the other hand, the reversible potential for hydrogen evolution, 
at pH = 9, which is the solution pH near the cathode surface, is 0.54 V vs SHE. Hence, 
the HER is the favored reaction. However, the hydrogen evolution does not take place 
on sodium amalgam because the hydrogen overvoltage on mercury is high (Fig. 4.4.10). 
The hydrogen overvoltage on sodium amalgam [24] is presented in Fig. 4.4.10. 
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FIGURE 4.4.10. Hydrogen overvoltage on various cathodes [24]. 


An examination of the hydrogen overvoltage on various metals shows that most 
exhibit lower hydrogen overvoltage than mercury, and therefore, impurities in brine play 
a dominant role in promoting the HER. The brine impurities can promote [25-32] the 
HER by (1) direct discharge of H'*' ions or by decreasing the hydrogen overvoltage on 
the sodium amalgam, and (2) decomposing the sodium amalgam as it is formed by a 
local corrosion mechanism involving the anodic dissolution of Na amalgam and cathodic 
reduction of an ionic species. 

Thus, V, Cr, and Mo ions promote the HER even at concentrations below 1 ppm, 
whereas Mg and Ca ions form colloidal precipitates on the cathode surface on which 
the hydrogen discharge is initiated. Impurities such as Ag, Pb, and Zn form a relatively 
uniform amalgam and may not promote hydrogen evolution on an amalgam cathode. 
Others, such as Fe, Ni, and C are not soluble in mercury but form “amalgam butter” on 
which the HER is favored. Thus, according to MacMullin [32], V, Mo, Cr, Ti, Ta, and 
(Mg + Fe) are harmful; Ni, Co, Fe, and W are moderately harmful; Ca, Ba, Cu, Al, Mg, 
and graphite are slightly harmful; and Ag, Pb, Zn, and Mn have no effect during sodium 
amalgam formation. It was also observed that a combination of two or more impurities 
often is more harmful than either impurity by itself, a typical example being Mg + Fe. 
Al was found to have no effect, but colloidal Al(OH )3 was undesirable as it occluded 
impurities and led to the formation of amalgam butter. Table 4.4.4 shows the maximum 
allowable concentration of impurities in the brine to form 0.3% H 2 in CI 2 gas [25]. 

Amalgam butter—a commonly used term in mercury cell operations—is a mul¬ 
tiphase material, which has not been characterized thoroughly. The butter formed with 
Fe, Ni, and C consists of finely divided metal particles dispersed in mercury, whereas 
graphite butter is shiny and foamy. Ca butter is hard and compact, while Fe butter is 
blackish. 
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TABLE 4.4.4 Effect of Metallic Impurities on 
Hydrogen Evolution at the Cathode of a 
Mercury Cell Operated at 4 kA m“^ and at 80°C 


Metal 

Concentration (mg L ^) 

Ca 

100 

Mg 

1 

Fe 

0.3 

Ti 

0.1 

Mo 

0.001-0.010 

Cr 

0.001-0.010 

V 

0.001^.010 

Very harmful 

V, Mo, Cr, Ti, Ta, (Mg + Fe) 

Moderately harmful 

Ni, Co, Fe, W 

Slightly harmful 

Ca, Ba, Cu, Al, Mg, graphite 

No effect 

Ag, Pb, Zn, Mn 


There have been attempts to mitigate the influence of impurities by complexing 
them through the addition of silicate, borate, or pyrophosphate to the brine [33-36]. To 
the knowledge of the authors, this is not done in commercial operation. 

High chlorine efficiency in all of the three cell technologies can be realized by 
(1) lowering the alkalinity of the feed brine to negate the formation of OCl“, HOCl, 
and CIO^ via reactions (16)-(18), and by (2) adding HCl to the feed brine, in order to 
reverse the equilibrium reaction (11) to liberate more gaseous CI 2 from the anolyte. The 
other advantages associated with acid addition to the feed brine are: 

1 . high chlorine quality because of low % 02 ; 

2 . high ^ci 2 low energy consumption for CI 2 production; 

3. high caustic current efficiency; 

4. long anode life due to less O 2 evolution at the anode (see Section 4.5 for details). 

The economic benefits, however, are dependent on the price of acid, power, 
CI 2 , and NaOH, and hence, a comprehensive cost-benefit analysis should precede the 
implementation of the acid addition. 


4.4.4. Cell Voltage and Its Components 

The theoretical energy requirement for chlorine and caustic production was shown in 
Section 4.4.2 to be: 


P = JcErev 


(139) 


The values of x for CI 2 , NaOH, and KOH are given in Table 4.4.1. Erev in Eq. (139) 
refers to the thermodynamic decomposition voltage to produce the given product, which 
can be calculated from the free energy change involved in the overall reaction describing 
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the generation of chlorine. Thus, for the overall reaction (140), 

2F 

2NaCl + 2 H 2 O ^ CI 2 + 2NaOH + H 2 (140) 

The free energy change, AG, is related to the thermodynamic decomposition 
voltage, Erev, as: 


AG = (141) 

E'rev can be calculated from Eq. (141) or from the £o,i values of the component 
electrochemical reactions constituting the overall reaction (140). 


4.4.4.}. Thermodynamic Decomposition Voltage for Membrane and Diaphragm Cells. 
The primary anodic and cathodic reactions associated with the reaction scheme (140) are: 

Anodic reaction: 


cr ^ |Cl 2 +e 

(£°[25°C] = 1.3595 V) (142) 


Cathodic reaction: 


H+ + e iH 2 or 2 H 2 O + 2e ^ H 2 + 20H“ 
(£:°[25°C] = 0.0004 V) 


(143) 


The and values shown in parentheses are the equilibrium electrode potentials for 
reactions (142) and (143) at 25°C and with reactants and products at unit activity. In 
practice, chlor-alkali cells operate at different temperatures and concentrations, hence, 
the E^ and E^ terms should be properly corrected using the Nemst equation. Typical 
conditions encountered in diaphragm-type chlor-alkali cells are as follows: 

Anolyte: 267 g L"^ NaCl (4.56M at 96.4°C); pH = 3.5^ 

Catholyte: MOgL"* NaOH (3.5M) + 150gL-' NaCl at 101.6°C; pH ~ 14 

The Nemst equation for the anodic reaction can be written as: 

2 303 RT r ~\ 

£o,a = E°(t) + -log [(pci 2 )'/V(NaCl)J (144) 

where 

Elit) = El{25°0 + ( it-25) + U(t - 25)2 (J 45 ) 

V dr 2 V dr2 
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Substituting the values of dE^/dT and d^'E^/dT^ from ref. [36], in Eq. (145), gives: 

El{t) = E^(at 25°C) - 0.00126(r - 25) (146) 

where t is expressed in degrees centigrade and T in Kelvin. pQ\^ in Eq. (144) refers to 
the partial pressure of chlorine, which is equal to the total pressure minus the vapor pres¬ 
sure of water at a given temperature and the electrolyte concentration minus the partial 
pressure of other gases (e.g., O 2 ). The reader should refer to Appendix for the partial 
pressure data for various concentrations of NaCl and temperatures. The term [NaCl] 
refers to the concentration of NaCl in moles per liter. Hence, the standard equilibrium 
anode potential E^{i) at 96.4'^C is: 

£^(96.4°C) = £^(25°C) - 0.00126(96.4 - 25) 

= 1.3595 - 0.0899 = 1.27 V (147) 

Substituting the E^ value in Eq. (144) provides the reversible anode potential, £" 0,3 as: 

/254\ 

£o,a = T27 -h 0.07329 log ( :^ ) “ 0.07329 log 4.56 

= 1.205 V (148) 


The term 2.303/?r/F in Eq. (144) is equal to 0.07329 V at 96.4°C, R/F being 

8.6166 X 10 “^ 

The cathodic reaction proceeds in diaphragm cells at 101. 6 ®C at pH 14. The Nemst 
equation for the cathodic reaction can be written as: 


^ 2.303RT 2.303£r, 

£o,c = E^it) --- log(/7H2)^^^ + -- log «H+ (149) 


= (0 - 


F 

2303RT 


, ^ .n 2303RT ^ 

log(/?H2)- f; -pH 


(150) 


where 


Elit) = £^(25°C) - 0.000033(^ - 25) (151) 

= 0.0004 - 0.000033(101.6 - 25) (152) 

=-0.002128 V (153) 


/?H 2 can be calculated in a manner similar to that used for the pci 2 calculation. The vapor 
pressure data in pure caustic solution are provided in Appendix, and the vapor pressure 
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data in NaOH + NaCl mixtures can be calculated using Eq. (154) [3,37]. 


= 3)(0.0019772 - 0.00001193t) 


+ 0,035M- (174 


-t) 


+ bN + C{NY + 




0317A^PH20 (154) 


where 

a = -8.6715 X b = 3.368 x IQ-^; c = -1.354 x 10''^; d ^ 7,88 x IQ-^; 
N = molality of NaOH; M = molality of NaCl; T = temperature in degrees 
centigrade; 

pn^o = vapor pressure in units of torr. 

Inserting the appropriate value of Eq. (149) yields the reversible cathode 
potential as: 


E 


0,C — 


-0.002128-0.07433 log 



- 0.07433 X 14 


= -1.022 V 


(155) 


Since, 


Exq\ — ^o,a ^o,c 

the thermodynamic decomposition voltage of a diaphragm cell becomes 1.205 — 
(—1.0224) = 2.227 V, at the operating conditions stated above. 

The thermodynamic decomposition voltage of a membrane cell can be calculated 
in a similar manner as that shown for the diaphragm ceils. Typical operating conditions 
in a membrane cell are 

Anolyte: 200g L”* NaCl (3.42M at 90.0°C); pH = 3.5-4 
Catholyte: 32% NaOH (at 90°C); pH ~ 14 

Substituting the appropriate values in Eqs. (144) and (149) results in £o,a = 1.2322 V and 
£o,c = —0.9944 V. Hence, the thermodynamic decomposition voltage of a membrane 
cell is 2.226 V at the operating conditions noted above. 


4 A A.2, Thermodynamic Decomposition Voltage for Mercury Cells. While the anodic 
reaction in mercury cells is the same as in diaphragm and membrane cells, the cathodic 
reaction in mercury cells is the discharge of Na"^ ions to form sodium amalgam as given 
by Eq. (9). The sodium concentration in the sodium amalgam is generally in the range 
of 0.2-4).4%, as at 0.6%, the sodium amalgam is a solid at room temperature. 

The equilibrium potential for the sodium amalgam with respect to SHE can be 
obtained from Table 4.4.5 or from Fig. 4.4.11 for various combinations of sodium 
amalgam strength, sodium chloride concentration, and temperature [3,38]. 
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TABLE 4.4.5 Equilibrium Potentials of Sodium Amalgam [3] (volts) 


% Na in the amalgam 


NaCl(gpl) 0.01 0.05 0.1 0.15 0.2 0.25 0.3 0.35 0.4 0.5 Temperature (°C) 


120 

1.734 

1.793 

1.816 

1.831 

1.843 

1.853 

1.861 

1.869 

1.877 

1.886 

160 

1.726 

1.806 

1.820 

1.834 

1,844 

1.852 

1.852 

1.860 

1.867 

1.878 

200 

1.718 

1.774 

1.812 

1.824 

1.834 

1.834 

1.843 

1.851 

1.858 

1.870 

220 

1.714 

1.769 

1.790 

1.806 

1.818 

1.828 

1.837 

1.845 

1.853 

1.866 

240 

1.710 

1.764 

1.786 

1.801 

1.813 

1.823 

1.833 

1.841 

1.849 

1.862 

260 


1.760 

1.781 

1.796 

1.809 

1.819 

1.828 

1.837 

1.845 

1.859 

280 


1.755 

1.776 

1.792 

1.803 

1.814 

1.823 

1.833 

1.841 

1.854 

300 


1.750 

1.770 

1.786 

1.799 

1.810 

1.819 

1.828 

1.837 

1.851 

120 

1.763 

1.784 

1.805 

1.823 

1,838 

1.849 

1.859 

1,868 

1.876 

1.888 

160 

1.752 

1.774 

1.796 

1.815 

1.830 

1.841 

1.851 

1.860 

1.867 

1.879 

200 

1.742 

1.765 

1.787 

1.804 

1.819 

1.830 

1.839 

1.848 

1.856 

1.870 

220 

1.737 

1.759 

1.781 

1.798 

1.813 

1.824 

1.833 

1.842 

1.850 

1.864 

240 

1.733 

1.755 

1.776 

1.794 

1.808 

1.820 

1.829 

1.838 

1.846 

1.858 

260 

1.729 

1.750 

1.770 

1.789 

1.804 

1.815 

1.825 

1.833 

1.841 

1.854 

280 

1.725 

1.746 

1.767 

1.785 

1.800 

1.811 

1.820 

1.829 

1.836 

1.848 

300 

1.718 

1.741 

1.762 

1.780 

1.793 

1.804 

1.814 

1.823 

1.831 

1.845 

120 

1.754 

1.776 

1.797 

1.818 

1.834 

1.845 

1.853 

1.862 

1.870 

1.887 

160 

1.745 

1.766 

1.788 

1.808 

1.824 

1.834 

1.843 

1.852 

1.860 

1.878 

200 

1.733 

1.756 

1.779 

1.800 

1.816 

1,826 

1.834 

1.843 

1.852 

1.869 

220 

1.729 

1.751 

1.773 

1.795 

1.811 

1.822 

1.830 

1.838 

1.847 

1.863 

240 

1.723 

1.746 

1.768 

1.789 

1.870 

1.817 

1.825 

1.834 

1.842 

1.859 

260 

1.718 

1.741 

1.763 

1.784 

1.801 

1.812 

1.821 

1.829 

1.838 

1.855 

280 

1.711 

1.734 

1.758 

1.779 

1.796 

1.804 

1.816 

1.824 

1.832 

1.849 

300 

1.704 

1.728 

1.752 

1.773 

1.790 

1.802 

1.810 

1.819 

1.828 

1.845 



FIGURE 4.4.11. Equilibrium potentials of sodium amalgam vs NaCl concentration at various amalgam 
concentrations at 80°C [3]. (Courtesy of Marcel Dekker, Inc.) 
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Equation (156) also may be used [25] to calculate the equilibrium potential for the 
cathodic reaction. 


£Na/Hfo/Na+ = [^Na/Hfo/Na+j + 

^Na/Hg /Na+ the potential of a 0.1 % amalgam with a^a^ = 1, which is—1.834 V.aNa+ 

in Eq. (7) refers to the activity of Na^ ions, which can be calculated using the activity 
coefficient data in Fig. 4.1.5, and Y is the ratio of the Na activity in the sodium amalgam 
at 80®C referred to 0.1%Na amalgam (Fig. 4.1.4). Thus, the reversible potential for 
0.2% Na amalgam in 4.8M NaCl (^^281 gL“' NaCl) at 80°C can be calculated using 
Eq. (156) as: 


£^0,NaHgx = —1-834 4- 


1.987 X 353.15, 4.032 


23,060 


In 


3.8 


= -1.832 V vs SHE 


(157) 

(158) 


Hence, the thermodynamic decomposition voltage of a mercury cell operating at 
80°C with 0.2% Na amalgam is equal to 3.058 V as shown below. 

^rev = ^o,a “ ^o,NaHgjc (159) 

= 1.226 - (-1.832) = 3.058 V (160) 


Eo.a of 1.226 V is calculated for 4.8M NaCl solutions at 80°C using Eq. (144). 

The thermodynamic decomposition voltages calculated above are the equilibrium 
cell voltages when there is no applied current. When current passes, the system departs 
from equilibrium conditions to drive the reactions. The cell voltage will then be higher 
than the thermodynamic decomposition voltage because of the overvoltages associated 
with the anodic and cathodic reactions and the ohmic drops. 


4.4.4.3. Cell Voltage. When a current passes through an electrochemical cell, the cell 
voltage is the sum of the individual components 

^ = ^o,a — ^o,c + + ^^sol + ^^sep + ( 161 ) 

where and rjc are the anodic and cathodic overvoltages, respectively, and / is the 
current density. The R terms refer to the ohmic drops in solution, separator (either a dia¬ 
phragm or a membrane), and hardware, represented by sol, sep, and hw, respectively, in 
the subscript, rjc is negative for cathodic processes and t]^ is positive for anodic processes. 


4.4.4.3 A. Overvoltages. Overvoltage is the driving force for the reaction to proceed in 
a given direction, and it is defined as the difference between the electrode potential at 
a given current density and the equilibrium potential for the same reaction in the same 
solution. Overvoltage is measured by using a reference electrode, which is reversible 
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to the same ions under study (i.e., Cl~/Cl 2 or H“^/H 2 or NaHgjc/Na"*" electrodes in the 
given medium). The overvoltage corresponds to the electrical energy that is irreversibly 
converted into heat and arises from the irreversible phenomena occurring at or near the 
electrode surface, of which activation polarization plays a major role. 

Overvoltage arises from the kinetic limitations or from the inherent rate of the 
electrode reaction on a given material. The magnitude of the overvoltage is expressed 
by the Tafel relationship: 


r} = klog(i/io) (162) 

where k refers to the slope of the t] vs log i curve, i to the applied current density and 
io to the exchange current density of the reaction. The values of k and /q depend on the 
nature of the metal or coating on a given substrate, composition and pH of the solution, 
and the surface characteristics of a given surface. This phenomenon, which is called 
“electrocatalysis”, is addressed in Section 4.2. 

Typical values of k and io are presented in Table 4.4.6 for the chlorine evolution 
reaction on Ru02 4- Ti02 based anodes [39], HER on steel [40], and Na amalgam 
formation [25], based on Figs. 4.4.12-4.4.14. It should be cautioned that these values 
vary depending on the composition of the anode for the chlorine evolution reaction and 
the nature of the cathode material for the HER. The exact values for a given operat¬ 
ing condition are best determined by conducting the classical polarization studies. The 
overvoltages at these electrodes, calculated using Eq. (160), are noted in Table 4.4.6. 


4,4.4.3B. Ohmic Drops. Another irreversible contribution to the measured cell voltage 
is the ohmic drop across the electrolyte, separator, and cell hardware. The potential drop 
across the electrolyte can be calculated using Ohm’s law if the medium is homogenous. 
In a gas-evolving system, such as a chlor-alkali cell, however, the gases generated at the 
electrode(s) may be partially dispersed in the electrolyte between the electrodes. Since 
the current lines have to go around the insulating gas bubbles, the specific conductivity 
of the medium decreases. This results in an increased ohmic drop. If the volume fraction 
of the gas bubbles is small compared with the total volume of the electrolyte between 
the electrodes, the specific resistivity of the gas + electrolyte mixture, Pniix^ may be 


TABLE 4.4.6 Values of k and (q for Various Reactions 


Electrode reaction 

Electrode material 

k(V) 

ioCmAcm 

Current 

‘^) Overvoltage(V) Density (A cm“^) 

Chlorine evolution 

Ru 02 + Ti 02 based anode 

0.03 

1.2 

0.068 

0.23 





0.074 






0.087 

1.00 

Hydrogen evolution 

Steel 

0.125 

0.251 

0.371 

0.23 


Bare nickel 

0.115 

0.0075 

0.536 

0.35 


Ni coated with 10 jxm Ni-Al 

0.05 

3 

0.103 

0.35 

Amalgam formation Mercury 

0.07 

50 

0.091 

1.00 
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Current Density (mA/cm^) 

FIGURE 4.4.12. Chlorine overvoltage variation with current density in 5M NaCl solutions (pH = 3.5) at 
95°C [39]. 



FIGURE 4.4.13. Hydrogen overvoltage on Ni, steel, and 0.25 mm thick Ni-Al plasma sprayed coating on Ni 
in 15% NaCH-17% NaOH solutions at 95°C [39]. 


estimated using the LaRue and Tobias [41,42] equation. 




P 


( 163 ) 
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FIGURE 4.4.14. Cathodic polarization data for sodium amalgam formation (plotted from the data in 
ref. [25]). 

where e is the gas void fraction defined as the ratio of the volume of the gas to the 
volume of the gas + the volume of the electrolyte and p to the specific resistance of the 
electrolyte. When e is small (i.e., < 0.1), Eq. (163) may be approximated by: 

— ^\ + \.5e + 2e^ (164) 

P 

Equation (164) is accurate to within 2% for values 6^ — 0.2. However, when the solution 
is completely dispersed with gas bubbles, the electrode or separator may be completely 
covered with the bubbles resulting in what is usually termed as “gas blinding.” This 
condition produces excessive cell voltages. 

Electric conductance of an electrolytic solution is governed by the transport of 
anions and cations in the solution. It is not electronic in nature, but Ohm’s law applies. 
Let us examine the case of a rectangular cell containing a pair of parallel, flat plate 
electrodes, each having an area A (cm^), the interelectrode distance being L (cm). When 
the cell is filled with an electrolytic solution having a resistivity of p{Q cm), the electric 
resistance between the two electrodes is 

R = pL/A = L/kA (165) 

where k is the reciprocal of p, and is called the electric conductivity in units of cm”^ 
or S cm~^ (S = siemen or mho). The conductivity of electrolytic solutions used in 
industrial electrochemical processes is generally in the range of 0.1-10 S cm“^. The con¬ 
ductivity is a function of the solution composition. Generally, the higher the concentration 
or the number of the ionic species, the larger the magnitude of electric conductivity. How¬ 
ever, because of the differences in the transport characteristics of hydrated ions, which 
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have a larger diameter than less hydrated species, the conductivity vs concentration 
curve often exhibits a maximum conductivity at a certain concentration. This pattern 
is not observed with KCl or NaCl solutions, which is why concentrated brine is fed to 
the electrolyzers. The conductivity of electrolytic solutions increases with increasing 
temperature, unlike the conductivity of metals. 

Another complication that may interfere with estimating the ohmic drops is the cell 
geometry. The electrodes do not always extend from one side of the cell wall to the other, 
and they may have differing geometries and sizes. Under these conditions, Eq. (165) is 
not directly applicable. Thus, when two concentric cylindrical electrodes are used, the 
electric resistance in a narrow gap, dR, between the cylinders is: 

dR = {pflnr) dr 

Integrating the above expression between the limits ri and r 2 leads to: 

R = (p/27r)ln(r2/ri) 

For more complex domains, sophisticated mathematical treatments such as conformal 
transformation or computer simulation must be employed to calculate the resistance. 

In the case of a diaphragm or membrane chlor-alkali cell, there are three ohmic 
drops to consider: anode to separator, cathode to separator, and across the separator. 
The anode to cathode distance in ELTECH’s H-4 cell is 7.74 mm, the thickness of the 
diaphragm is 3.05 mm, and the cathode to diaphragm distance is negligible. The anode 
to diaphragm ohmic drop, IR a/s ^ niay now be estimated from the conductivity data of 
the electrolytes, which are presented in the appendix to this section. 

Relevant conductivity values are noted below: 

Saturated brine = 0.59 ^2“^ cm“^ at 95°C; 

15% NaOH + 17% NaCl = 0.72 cm“^ at 95°C. 

The calculation of the distance between the anode and the separator is slightly complex 
as the asbestos diaphragm is deposited on the cathode screen, and the anode blade is 
located 4-5 mm from the diaphragm with the anolyte in between, and contains dispersed 
chlorine gas bubbles. The gas-solution mixture is circulated effectively by the convection 
of the two-phase flow resulting in a relatively low gas void fraction in the electrolysis 
zone. The superficial resistivity, Pmi\, based on Eq. (163), would be about 1.2 times 
the resistivity of the solution free of gas bubbles, which is 1.2/0.59 = 2.03 Q cm. The 
ohmic drop between the anode and the diaphragm can then be calculated from Eq. (165) 
and the current as: 

iRA/s = 0.232 (Acm-2) x 2.03 (S2 cm) x (0.774-0.305) (cm) = 0.221 V (166) 

The calculation of the ohmic drop across a separator, //?sep» is similar to the method 
used to estimate the ohmic drop between two parallel plates with a diaphragm having a 
finite porosity. MacMullin and coworkers [43] have shown that the relative resistivity, 
^sep/^ OT Psep/P> is a function of the permeability, P (in m^), the void fraction, s, and 
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the relative surface area, 5 (in rr^/rr?) of the diaphragm, and is independent of the nature 
of the materials. 

Thus: 


Nu = Rscp/R = rr?/kP (167) 

m = s/S (168) 

k = 3.666 ± 0.098 

where m is the hydrodynamic radius in meters, which contains the porosity and the 
tortuosity of the micropores in the diaphragm. is the MacMullin number. 

Studies addressing mass transport and solution concentration profiles across dia¬ 
phragms (Section 4.7) have shown that when the anolyte is at a pH of 2-3 and saturated 
with chlorine and the catholyte is a mixture of NaCl and NaOH, the neutral zone is 
located in the vicinity of the diaphragm surface facing the anolyte. In other words, the 
diaphragm is almost filled with an alkaline medium, whose composition varies with 
position in the diaphragm. If it is assumed that the average conductivity of the solution 
in the diaphragm is (0.59 + 0.72)/2 = 0.655 mho cm“^, and the MacMullin number for 
Hooker asbestos plus polymer (HAPP) diaphragms is 3.5, the superficial resistivity of 
the diaphragm can be estimated to be 3.5/0.655 = 5.34 Q cm. Substituting this value 
into Eq. (165) results in: 

= 0.232 (Acm“2) x 5.34 (Qcm) x 0.305 (cm) = 0.378 (V) 

The ohmic drop of the hardware depends on the nature of the materials used, and 
the intercell design configuration. These values have been found to be about 0.25 V for 
H-4 type diaphragm chlor-alkali cells, at a load of 150kA or 2.32 kA m“^. 

The ohmic drop across an ion-exchange membrane can be calculated using Eq. (165) 
and the specific resistance and thickness of the membrane. Unfortunately, the resistivity 
data of ion-exchange membranes in caustic solutions is not available in the open literature. 
However, one may make an approximate calculation based on the data in refs. [11,12], 
which shows the resistance of Nation NX961 to be about 0.833 Q cm^. It should be 
cautioned that the calculations shown here are strictly for illustrating the methodology 
and one should determine these resistivity values for the specific membrane used in a 
given operation. Thus, the ohmic drop across Nafion NX961 at 3.5 kA m"^, would be: 

0.833 X 0.35 =0.291 V 

The component terms constituting the cell voltage are presented in Table 4.4.7 for 
the three technologies. 

Thus, the cell voltage can be calculated using the procedures discussed above. 
However, as the individual values of the voltage components are dependent on several 
variables, it is prudent that these estimates are made for the specific situation under 
consideration with data that is experimentally determined. 
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TABLE 4.4.7 Components of the Voltage of Diaphragm, Membrane and Mercury Cells 



Diaphragm cell 
operating at 2.32 kA 

Membrane cell 
operating at 3.5 kA m“^ 

Mercury cell 
operating at 10 kA m“^ 

^o,a 

1.205 V 

1.205 V 

1.226 V 

^o,c 

1.022 V 

1.022 V 

1.832 V 


0.068 V 

0.074 V 

0.087 V 

rjc 

0.371 V (with steel cathode) 

0.536 V (bare Ni cathode); 

0.103 V (with Ni-AI based cathode) 

0.091 V 

^ ^sol 

0.221 V (4.69 mm gap) 

0 (zero gap cell) 

0.406 V (2 mm gap) 

i ^sep 

0.38 V 

0.291 

- 

//?hw 

Total cell 

0.25 V 

0.37 V 

0.2 V 

voltage 

3.51V 

3.498 V (bare Ni cathode) 

3.065 V (Ni-Al based cathode) 

3.843 V 


4. 4,4.4. k-Factor, A popular diagnostic parameter that is measured and used in the chlor- 
alkali industry to monitor the performance of mercury and membrane electrolyzers and 
to control (manually or automatically) the anode-cathode gap in the mercury cells is the 
/:-factor. The A;-factor is the slope of the current density-voltage curve, plotted from the 
cell voltages measured at different loads. 

Theoretical Significance of k. The voltage-current relationship of a chlor-alkali cell 
described by Eq. (161) can be recast as 

E = E° + T]a-r]c + i Rsoi + i Rsep + i ^hw (169) 

where E is the measured cell voltage (V), and is the thermodynamic decomposition 
voltage, which is the algebraic sum of the reversible potentials of the anodic and cathodic 
reactions, Eo.a at^d £'o,c- 

Equation (169) does not take into account the concentration overvoltages, which 
depend on the concentration of NaCl and NaOH in the anolyte and the catholyte. 

Under Tafel conditions, the overvoltages are expressed by Eq. (162). Substitution 
of Eq. (162) into Eq. (169) results in: 

E - E° -ka log io,a + kc log io,c + {ka - kc) log i + (Rso\ + /?sep + Rbv/)i (170) 

where the subscripts a and c to the A: and the iq terms refer to the anodic and cathodic 
reactions, respectively. Equation (170) can be recast as 

E = E* + (ksi — kc) log / + (Rso\ + ^sep + ^hw)^ (171) 


where 


E"^ = E^ - Aa log /o,a + kc log io,c 




CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


207 


Clearly, according to Eq, (171), the E-i relationship is not linear, contrary to 
experimental observations. However, when the log i term is approximated [44] as: 

log/// =k^ (172) 

the E-i variations follow a linear relationship. This approximation is good within a few 
percent over the current density range of 2-5 kA m“^. 

The slope and the intercept of these plots are related to the basic parameters 
characterizing the anode, cathode, membrane, and the electrolyte as: 


Slope — k kc) Rsoi Rs&p “b ^hw (173) 

Intercept = - k^^ log /o,a - kc log /o,c (174) 

Use of A:-factors to monitor the electrolytic cells is a good practice. However, caution 
has to be exercised in attributing the variations in k to the failure of the membrane or 
electrodes with membrane cells. In the case of mercury cells, the data interpretation is 
straightforward as there is no membrane to contend with. 

Instead of employing Eq. (173) to interpret the A:-factors, one can curve-fit [44] 
the experimentally observed linear E-i data to the nonlinear Eq. (170). This approach 
requires high accuracy in the data to draw valid conclusions. 

It should be noted that the large error in the linearization of the log (/) term makes it 
impossible to calculate the exact values of the terms in Eqs. (173) and (174). Furthermore, 
Eq. (170) was based on the assumption that the overvoltages follow a simple Tafel 
relationship, and that the resistance of the membrane [45] and the gas-solution mix¬ 
ture follow Ohm’s law. Both these simplifications are questionable as discussed in 
Sections 4.2 and 4.4. A rigorous analysis of the A:-factors requires a proper descrip¬ 
tion of the overpotential-current variations on a given substrate and the conductivity 
characteristics of the membranes. If the commercial electrolyzers are of the monopolar 
type, one has to be more cautious while interpreting the fc-factors, as these electrolyzers 
contain cells connected in parallel. Therefore, all the cells operate at the same voltage, 
even though the resistance of each cell in the electrolyzer is different. The A:-factor in 
this case reflects only the variations in the electrolyzer. 


APPENDIX 4.4.1: DERIVATION OF HYDROGEN CURRENT EFFICIENCY 

Hydrogen current inefficiency arises from the blind current losses (BCLs) from the 
discharge of available chlorine at the cathode, forming NaCl and NaOH. 

NaOCl -f H 2 O -h 2e -> NaCl + 20H- (A1.1) 

The BCL can be estimated to be 


BCL = 2FqC%cx, 


(A1.2) 
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Available chlorine constitutes dissolved chlorine, HOCl and OCl . Since the cell liquor 
flow rate, q, can be expressed as 


q = 



?OI 


OH 


^NaOH 


Equation (A 1.2) becomes: 




"NaOH 


The hydrogen inefficiency can be written as: 


D BCL/2 
“ /?oh/2 


Substitution of Eq. (A 1.4) into Eq. (A 1.5) gives 


?h. = 1-2 



(A1.3) 


(A1.4) 


(A1.5) 


(A1.6) 


APPENDIX 4.4.2: SOLUBILITY OF CHLORINE IN BRINE 
NaCl system 

(^ly.Ch orC^v.ci 2 = ^ 10"*Pci2[(l-567 - 0.002822[Naa]'*)10‘^/^ 

+ 70906 X 10<P"-'^>] 


where: 

A =6.01 +0.001(7-273.15) -0.00044 [NaCl]‘‘; 

G = specific gravity of depleted brine; 
pH = depleted brine pH; 

T = anolyte temperature (K); 

[NaCl]^ = depleted brine concentration (g L^'); 

Pqi^ = partial pressure of chlorine gas (atm) = Fraction of chlorine in dry gas 
(1 - At2o); 

= water vapor pressure of depleted brine (atm) = (1 — /? x ^)^H2 o: 

= vapor pressure of pure water (atm) = ( 755 ) 

/? = (S-3)[1.9772 X 10-3 - 1.193 x 10-5(T - 273.15)] + 0.035; 

O _ fNaCll^* ( 1000 \ 

58.44 Vl000G-[NaCl]‘>y' 
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KCl system 

Cfv.Ch =1-408 X 10-5Fc12[(1-567 -0.002822[KCl]'‘)10i'^/^ 

+ 70906 X 


where: 

A = 6.01 + o.ooicr - 273.15) - 0.00044 [KCl]^; 

G = special gravity of depleted brine; 
pH = depleted brine pH; 

T = anolyte temperature (K); 

[KCl]^ = depleted brine concentration (g L“^); 

Pci 2 = partial pressure of chlorine gas (atm) = Fraction of chlorine 
in dry gas (1 - PH 20 ); 

f^^o = water vapor pressure of depleted brine (atm) = (1 — /? x ‘S’)Ph 20 ’ 

= vapor pressure of pure water (atm) = (7I0) 

/? = ? X 10“^(5-2)+0.0317; 

S = ([KCl]^/74.55) (lOOO/lOOOG - [KCl]^). 

APPENDIX 4.4.3: PROPAGATION OF ERRORS TECHNIQUE 

We consider a quantity Q which is to be calculated from several observed quantities 
a,b,c,... 


Q = f(a,b,c,...) (A3.1) 

= + (“.a 


and the standard deviation gq resulting from standard deviations ... can be 

written as: 


ag = 



(A3.3) 


For simplicity, Eq. (A3.2) is used to estimate the errors in the chlorine process efficiency 
and energy consumption calculations. The equation used for the energy consumption 
calculation is given by 


AC kWh 685.834 x cell voltage 
Ton CI 2 ^Cl 2 ^ ^rectifier N ^liquefaction 

Typical rectifier and liquefaction efficiencies are 0.975 and 0.992, respectively. 
^Liquefaction refers to the liquefaction efficiency. 
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4.5. ANODES 
4.5.1. Introduction 

The conditions prevailing in the anode compartment during the chlorine evolution 
reaction impose stringent requirements on the anode material, including 

1. Stability toward electrochemical oxidation and chemical attack by NaCl, KCl, 
HCl, CI 2 , HOCl, CIO”, and O 2 ; 

2. Maintenance of conductivity of the surface layers formed at potentials where 
chlorine is generated, the general tendency being either the dissolution or 
formation of insulating surface films; 

3. Electrocatalysis to achieve low anodic overvoltage. 

Platinum, magnetite, and carbon were the first anode materials [1-3] employed 
in the electrolytic production of chlorine. Platinum was expensive, and the magnetite 
anode suffered from difficulties in fabrication, poor machinability, fragility, and poor 
conductivity. The conductivity of magnetite was only 5% of that of graphite [3], and the 
maximum anode current density was only 0.4kA m“^. This led to the extensive use of 
graphite from the 1900s to the late 1960s, following the synthetic graphite manufacturing 
process, independently innovated by Castner and Chas, and Acheson [4,5]. Graphite 
anodes, however, posed several problems such as: 

1. Short life (6-24 months) due to the consumption of 1-3 kg graphite per ton of 
chlorine by abrasion by the anode gases and oxidation of C to CO 2 . 

2. Contamination of the product stream with chlorinated hydrocarbons. 

3. Adverse influence of the graphite particles on the performance of the diaphragm. 

4. Difficulties associated with the machinability and installation of electrodes in 
the cells. 

In addition, anode wear caused the anode-cathode gap to increase with time, res¬ 
ulting in increased cell voltage and energy consumption. Various attempts to reduce the 
degradation of graphite were not completely successful [4]. 

It is well known that the platinum group metals are electrically conductive and 
stable in the anolyte environment described above, and that the valve metals belonging 
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FIGURE 4.5.1. Variation of the chlorine overvoltage, , with current density on various anodes in 5M NaCl 

solutions at 95°C at pH = 3.5 [20]. 


to the periodic groups IVB, VB, and VIB develop tightly adherent, insulating oxide 
films that protect them from corrosion. Efforts to combine these two features to form 
an anode structure started in 1913 with the development of Pt-coated tungsten anodes 
by Stevens [6]. Platinum-coated Ti anodes were tested in the early 1960s but were not 
successful. The platinum wear rates were unacceptably high, and the electrodes were 
prone to premature coating losses, especially in mercury cells. Nevertheless, continued 
studies by Cotton et al, [7] and Beer [8] resulted in the discovery of (Ru02 +Ti02)- 
based coatings on titanium substrates. These are termed Dimensionally Stable Anodes 
(or DSA® electrodes) because of their resistance to degradation. Information related 
to Beer’s Ru02-based coatings was first published in South African Patents 662,667 
(1966), 680,034 (1968), and in the United States (covering Ru02 + Ti02 solid solu¬ 
tions and other features) in V.S. Patents 3,214,110 (1966), 3,632,498 (1972), 3,711,385 
(1973), and 3,751,291 (1973). The solid solution Ru02 + Ti02 coating was fur¬ 
ther developed and commercialized by DeNora [9] and licensed globally by Diamond 
Shamrock Technologies, S.A. of Geneva. 

DSA® electrodes exhibited low overvoltage (Fig. 4.5.1) resulting in a savings of 
about 0.3 V and a long life (about 8 years in diaphragm cells and about 2 years in mercury 
cells). These advantages, coupled with escalating energy and maintenance costs, have 
forced the complete replacement of graphite by metal anodes. 


4.5.2. Electrode Preparation 

Basically, the DSA® electrode is a titanium substrate coated with a Ti02 + Ru02 mixture 
containing up to 50 mol% of precious metal oxide, the precious metal loading varying 
from 5 to 20 g m"^. These coatings are generally prepared by the thermal decomposition 
technique described below, following the “recipes” published in the patent literature. 
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This procedure, originally described by Beer in South African Patent 680,834, 
consists of an initial treatment of the substrate (Grade 1 or 2 titanium) in hot aqueous 
oxalic acid, followed by ultrasonic cleaning in water. After the electrode is dried, it is 
coated with a butyl alcohol solution, containing about 0.5 M HCl and Ru as RUCI 3 and 
Ti as butyl titanate. The ratio of Ru: Ti in the solution is the same as the value desired in 
the coating. It is then heated in air at a temperature of 300-500°C for 1-5 min to form 
a coating of Ti 02 + RUO 2 on the titanium substrate. 

Another electrode preparation [10] is a RUO 2 +Ti 02 + Sn 02 “mixed-crystal” coat¬ 
ing, which is used in diaphragm cells. It is cost effective (because of reduced Ru loading) 
and generates 22-25% less O 2 than does the RUO 2 +Ti 02 coating on titanium. The mole 
ratio of Ti 02 /(Sn 02 + RUO 2 ) is 1.5-2.5 and Sn 02 constitutes 35-50 mol% of the com¬ 
bined level of Ru 02 + Sn 02 . This electrode is prepared by coating a clean titanium 
surface with a solution of RUCI 3 , SnCl 2 , butyl titanate, and HCl in butanol, and heating 
it in air at 450®C for 7 min. This procedure is repeated 10 times to achieve a final loading 
of about 17 g m“^ of Ru 02 + Sn 02 . 

DSA® electrodes generally exhibit a long life in commercial chlor-alkali cells. 
Nevertheless, a rejuvenation procedure has also been developed to enable anodes to be 
reused and consists of either cleaning [11] in a 2:1 NaNOa + NaOH melt at 450®C prior 
to recoating or removing [12] the loose material and etching in 20% HCl for 5 min at 
100®C prior to recoating with Ru-containing solutions (see ref. [13], which also covers 
other rejuvenation techniques). 


4,53. Other Patented Anode Compositions 

As described earlier, the DSA® electrode is typically a valve metal substrate coated 
with a noble-metal-based composition. Either to circumvent the basic Beer patents or 
to achieve better and less expensive anode compositions, considerable efforts have been 
devoted to the development of novel anode coatings. A wide variety of compositions [14] 
have been described in the literature, and it is beyond the scope of this chapter to review 
these developments individually. A generalized formulation of anode materials can be 
schematically described as Sub/VM -h NM -i- NNM, where Sub refers to the substrate, 
VM to the valve metal, NM to the noble metal, and NNM to the non-noble metal. The 
compositions cited in the literature include the following in various combinations: 

Sub: Ti, Zr, Hf, Nb, Ta, W, Al, Bi, C, Fe 304 , etc., either singly or in combination, 
or as alloys of one with another. 

VM-h NM-h NNM: oxides, carbides, borides, nitrides, oxychlorides, fluorides, 
silicides, phosphides, arsenides, etc., of valve metals (Ti, Zr, Hf, Nb, Ta, W, Al, Bi) + 
noble metals (Pt, Ir, Rh, Ru, Os, Pd) + non-noble metals (Cu, Ag, Au, Fe, Co, Ni, 
Sn, Si, Pb, Sb, As, Cr, Mn, etc.) at various loadings of each component. The oxides 
examined include spinels (AB 2 O 4 ), perovskites (ARO 3 ), pyrochlores (A 2 B 20 i~y), and 
delafossites (ABO 2 ), where A can be a noble metal and R, a valve or non-noble metal. 
Sometimes, the general structures stated above are further coated with other oxides (e.g., 
Si 02 in U.S. Patent 3,677,815) or formed in layers as Sub/NM/VM. 

Some anode compositions are presented in Table 4.5,1 to illustrate the directions 
followed to develop alternate anode coatings. It should be noted that this is not a complete 
list and that more details are available [15-20]. 
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TABLE 4.5.1 Some Patented Anode Compositions 


Coating composition 

Patent # 

Solid solution of Ti, Ru-Sn 

U.S. 3,776,834 

M;i:Pt 304 , where M is Li, Na, K, Ag, or Cu and 
jc = 0.4-0.6 

U.S. 4,042,484 

Precious metal coating—PdO + precious metal 
oxide + 31-25% of A 52 O 4 spinel, where A = Fe, 
Co, Ni; B = Fe, Co, Ni, Al, Cr, Mn 

U.S. 3,677,917 

Noble metals or their oxycompounds and 
noble-metal-based spinels M 1 M 2 O 4 , where 

Ml = Mg, Zn, Co; M 2 = Cd, Co, Ni 

U.S. 3,711,397 

Pyrochlores of the type A2B207-y» where B — Ru, 

Rh, Ir, Pt, Ru-Pb and 1 > y > 0 

U.S. 4,146,548 

ABO 4 , where A = Rh, Al, Ga, La and B = Sb, Nb, Ta 

German (DE-MS) 2,333,485 

Delafossites (ABO 2 ), where A = Pd, Pt, Ag, Cu and 

B = Cr, Fe, Co, Rh; Examples: PtCo 02 , PdCo 02 

U.S. 3,804,740 

M;cCo 304 , where x = 0.1-1 and M =group IB, IIA, 
or IIB elements 

U.S. 4,061,549 

A 2 BO 6 or A 2 BO 6 + MO 2 , where A — Rh, Fe and 

B = W, Te and M = Ru, Ir; Examples: 

Rh2W06, RhSb02 

German patent, 2,136,391 

C 03 O 4 -based coatings 

U.S. 3,977,958; 

4,142,005; 4,061,549 


TABLE 4.5.2 Key Anode Patents 


General description 

V.S. Patent # 

Expiration year 

Method of application 

3,864,163 

1992 

Two-component coatings 

3,711,385 

1989 

Three-component coatings 

3,948,751 

1993 


4,003,817 

1994 


4,070,504 

1995 


4,318,795 

1999 


There are thousands of patents describing various anode compositions, yet only 
“Beer patents” were commercialized. The “valid” patents are noted in Table 4.5.2 along 
with their current status. The key patents in Table 4.5.2 all have expired. 


4.5,4. Physical Characteristics and Morphology of Ru02 + Ti02-Based Electrodes 

Ru 02 -based coatings prepared by thermal decomposition have been examined by 
various techniques and some important features emerging from these studies are 
presented here. 
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(A) 







4 



200X 


150“C 


550X 


Ru:Hf: 50:50; Application Temp: 400X 



FIGURE 4.5.2. (A) SEM images of Ru02—Hf02 coatings (application temperature: 4{X)°C; drying temper¬ 
ature: 150°C; final firing temperature: 550°C; number of coats are stated on the top) [21]. (Reproduced by 
permission of The Electrochemical Society, Inc.) (B) SEM image after final firing [20]. 


(Ru02 4- Ti02)-based coatings are polycrystalline and structurally complex, and 
their structure depends on the variables involved in the preparation of the coatings. 
These variables include the nature of the solvent used to mix the precursors, the method 
of application (e.g., brushing or spraying), the temperature and time variations during 
application, drying, and final firing, and the number of coatings applied to obtain the 
desired final loading of Ru. Scanning electron microscope images [21] show progress¬ 
ive development of surface roughness and mud-cracked structure (Fig. 4.5.2) with the 
formation of crystallites. 

The catalytic layer is essentially a mixture of Ti02 and Ru02 existing as 
Ti(i_„)Ru^ 02 . Ru 02 and Ti 02 form a solid solution in the catalytic layer since. 
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TABLE 4.5.3 Some Crystallographic 
Features of Ru02, Ti02, Ti, and Ru 


Property 

Ti02 

Ru02 

Symmetry group 

F^2/iimm 

Pmnm 

Crystal habit 

Tetragonal 

Tetragonal 

Crystal structure 

Rutile 

Rutile 


0.4594 nm 

0.4490 nm 

CO 

0.2958 nm 

0.3195 nm 

V 

0.062 nm^ 

0.062 nm^ 


Ti 

Ru 

Ionic radius 

0.068 nm 

0.065 nm 

Electronegativity 

1.5 

1.8 

Valence 

4 

4 


Structurally, they are rutiles with “identical” crystallographic characteristics following 
the Hume-Rothery rules (Table 4.5.3). Solid solutions form at 400°C on Ti supports over 
the entire compositional range, although it is reported [22,23] that they are metastable 
phases. 

X-ray diffraction and micro-X-ray spectroscopic examination of the Ru02-Ti02-Cl 
system [23,24] shows that it coexists with an anatase solid solution on the Ti02 side 
(depending on the conditions of preparation) and with a pure Ru 02 on the Ru 02 side, 
the phase exhibiting a defect structure and low degree of crystallinity. 

The coatings exhibit a crystallite size of 1-5 |xm [25] in the firing temperature 
range of 300-7(X)°C, and BET and electrochemical surface area measurements [21,26] 
show high surface area of the order of 200 cm^ per apparent square centimeter, the 
exact value being a function of the variables involved in preparing the coating and the 
composition of the coating. X-ray photoelectron spectroscopic studies [26] of RuOa and 
Ru02 + Ti02 film electrodes before and after anodic polarization in 4M NaCl solutions 
reveal a defect structure with two different species, Cl” and adsorbed atomic Cl, on 
these surfaces. 

SEM studies show (Fig. 4.5.2) a microcracked surface composed of discrete islands 
(a “mud-cracked” structure), which is, again, a function of the variables involved in 
the preparation of the sample. This structure is a possible consequence of the volume 
contraction arising from differences in thermal expansion coefficients and is probably 
responsible for the large surface area and the microcrystallinity of the coatings. 

Pure Ru02 is a metallic conductor with a conductivity of 2-3 x lO'^ Q ^ cm ^ at 
room temperature, whereas Ti 02 is an insulator with a room temperature conductivity 
of 10”^^ cm”^ The Ru02 + Ti02 mixtures appear to vary in their conductivity 
characteristics from those of metals [27] to those of n-type semiconductors. 

The conductivity of Ru02 -h Ti02 mixtures varies with the Ru02 content as shown 
in Fig. 4.5.3, which has been compiled from the conductivity data published in refs. 
[28-32]. These results show that the conductivity is high beyond 25 mol% Ru02 and 
decreases to very low values at less than 20mol% Ru02. It is for this reason that the 
commercial DSA composition contains up to 70-80% of Ti02. While the theory of the 
metal-non-metal variations involved in the insulator-conductor mixtures is complex and 
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FIGURE 4.5.3. Variation of conductivity with mol% Ru02 in Ru02 H- Ti02 coatings. (•: direct resistance 
measurement [29]; o: impedance measurement [30]; A: direct measurement [28]) [104]. (Reproduced with 
permission of The Society of Chemical Industry.) 


Still being debated [33], the high conductivity of the mixtures containing >25% Ru02 
has been attributed [34-36] to the formation of an infinite chain of Ru02 clusters in 
the Ti02 matrix. The breakdown of this chain has resulted in the poor conductivity of 
mixtures with <25% Ru02. 

Surface characterization of mixed oxide coatings [37] by spectroscopic techniques 
shows surface enrichment with one of the metals. The surface of (Ti + Ru)02 appears 
to be enriched with Ti [38,39], and that of (Ru-hlr)02 with Ir [40^2]. The degree of 
enrichment depends on the method of preparation [40,43]. SIMS analysis, however, does 
not reveal the surface enrichment of Ti in the commercial Ru02 + Ti02 coatings [44]. 


4.5.5. Electrochemical Behavior of Ru O 2 + T/ 02 -Based Coatings 

The electrochemical behavior of Ru02-based electrodes has been thoroughly invest¬ 
igated by several workers and summarized in various publications [19,20,45^9]. 
Particular mention should be made of refs. [20] and [47], where the equilibrium and 
nonequilibrium electrochemical properties of oxide electrodes prepared by various meth¬ 
ods were analyzed, and to refs. [49] and [50], where the mechanistic aspects of the 
chlorine evolution reaction were critically addressed. 

Ru02 exhibits a rest potential of 0.65 V with respect to the reversible hydrogen 
electrode (RHE) in the same solution [51]. The rest potentials of thermally-formed RUO 2 
films measured with respect to a saturated calomel electrode (SCE) change linearly with 
pH with a slope of 0.059 V/pH unit in the pH range of 0-14 (Fig. 4.5.4). This has been 
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FIGURE 4.5.4. Variation of the open circuit potential of Ru02 electrodes vs pH at 25® C. The Ru02 + Ti02/Ti 
electrodes were thermally formed [53]. 

attributed [52] to the reaction: 

2 Ru 02 + 2H++ 2e ^ RU 2 O 3 + H 2 O (1) 

on the electrode surface. 

Freshly prepared Ru 02 + Ti 02 coatings containing 30 mol% Ru 02 also exhibit the 
same slope of 60 mV/pH, whereas “used” (Ru 02 + Ti 02 ) electrodes deviate [53] from 
this pattern, as shown in Fig. 4.5.4. However, when the used electrodes are exposed 
to NaOCl solutions, the electrodes, again, show a slope of 60 mV, suggesting Cl~ ion 
participation in the open circuit behavior as 

2 Ru 02 + 2H+ + 2e + CP RU 2 O 3 • CP + H 2 O (2) 

These observations can be used to predict the cell voltage behavior when the current 
is interrupted (e.g., during shutdowns). 

Cyclic voltammetric curves [54-60] in the potential range of 1.2 to 0.4 V in acid 
and alkaline solutions, as shown in Fig. 4.5.5, reveal a featureless profile in acidic 
solutions, and a welbdeveloped peak in alkaline solutions, prior to oxygen evolution. 
The voltammetric behavior of Ru 02 electrodes has been attributed [54,61 ] to a reversible 
oxidation-reduction reaction through a mechanism involving proton exchange with the 
solution as 


RuO^ (OH)+ SH+ + 5e ^ RuO ^_5 (OH )^,+5 (3) 

It is this reaction that contributes to the significant pseudocapacitance associated 
with Ru 02 electrodes, which are used to produce capacitor devices. The mono¬ 
graph by Conway [62] elaborated the fundamental and practical application of these 
pseudocapacitors. 
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FIGURE 4.5.5. Typical voltammetric curves of Ru 02 electrode in IM solutions of HCIO 4 (solid lines) and 
KOH (dotted lines) at a sweeprate of 20 mV s“^ at 25°C [58]. (With permission from Elsevier.) 



E (V vs RHE) 


FIGURE 4.5.6. Cyclic voltammetry of fresh Ru-Ti electrodes of 2 |xm thickness with different Ru contents 
in 5M NaCl (pH = 3.5) at 100 mV s“^ at 90°C [63]. (Reproduced by permission of The Electrochemical 
Society, Inc.) 


Cyclic voltammetric curves [63] in Fig. 4.5.6 show that the current at a given 
potential varies with the Ru content of the coating. This property can be used as a 
diagnostic tool to characterize the anodes during service. 

The polarization behavior of the Ru02 + Ti02 electrode in 5M NaCl solutions [63] 
during the course of the chlorine evolution is presented in Fig. 4.5.7. The Tafel slopes 
of these electrodes show a value of 30-40 mV at high Ru levels and a value ca. 120 mV 
with electrodes containing <10 at% Ru. The exchange current density, for the CI 2 
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FIGURE 4.5.7. Effect of Ru content on the Tafel plot of fresh Ru-Ti electrodes in 5M NaCl (pH = 3.5) at room 
temperature [63]. (Reproduced by permission of The Electrochemical Society, Inc.) 


evolution reaction, in Fig. 4.5.8 (calculated from the data in Fig. 4.5.7) shows that io 
decreases with decreasing %Ru in the coating [64]. 

Kinetic investigations with Ru02 + Ti02 electrodes containing >25 at% Ru during 
the course of the chlorine evolution [49,50,65,66] reveal: (1) a Tafel slope of 40 mV 
or (2RT /3F), (2) a reaction order of 1 with respect to the chloride ion, and (3) a 
stoichiometric number of 1. These observations cannot be explained by the conventional 
pathways, that are shown in Eqs. (4-6): 


S + Cl —> S“Clads + ^ 

(4) 

2S-Clads^Cl2+2S 

(5) 

S—Clads + Cl ^ CI 2 + e + S 

(6) 


S in Eqs. (4)-(6) represents a state of the oxide film surface and not of the anode metal. 

Reaction mechanisms proposed to account for the experimental observations 
include: 


S + Cl S—Clads ^ 
S—Clads ^ ^ 

s-ci+, + cr ^ci2 + s 


(7) 
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FIGURE 4.5.8. Variation of electrochemical characteristics of Ru-Ti oxide films: Top: Capacitance (Qi) and 
voltammetric charge (^) as a function of at% Ru: Bottom: io and Tafel slope as a function of at% Ru [64]. 
(With permission from NRC Research Press.) 


and 


S—Cl -O- S—Clads “I” ® (^) 

S + H 2 O ^ S-OHads + H+ + e 
S—Clads + S—OHads HOCl + 2S 

HOCl + HCl CI 2 + H 2 O 

However, the unexpected observation [50,67] of a reaction order of —1 with respect to 
H"*" led to the reaction scheme: 

S-OH ^ S-O + H+ + e (9) 

s-o + cr ^ O-S-Cl + e 

O-S - Cl + + cr -> S-OH + CI 2 

This scheme accounts for the reaction order of — 1, but it requires the rate of the chlorine 
evolution reaction to decrease with decreasing pH, which contradicts actual industrial 
observations [50] (Fig, 4.5.9). Thus, the mechanistic aspects of the chlorine evolution 
reaction are not yet unambiguously understood. (See refs. [49] and [50] for details related 
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FIGURE 4.5.9. Variation of %Cl 2 and %02 at Ru02 + Ti02 anodes with anolyte pH in an industrial cell 
at 0.232 A cm“^ [50]. (With permission from Elsevier.) 



Mol% Ru02 

FIGURE 4.5.10. Variation of the anode potential and the operating anode life with mol% Ru02 in the 
anode coating (plotted from the data in ref. [68]). Operating life was determined by tests in 3(X)gpl NaCl 
at 3 kA m“^(pH = 2.0-2.5; temperature = 80°C) with coatings containing 5 gms of Ru per m^. 


to the mechanisms proposed for the chlorine evolution reaction on Ru 02 and Ru 02 -based 
coatings.) 

Basic kinetic electrochemical studies show that Ru02 -I-Ti02 electrodes containing 
more than 25% Ru02 exhibit low Tafel slope and high exchange current density for the 
chlorine evolution reaction. However, the performance of these electrodes depends on 
the method of preparation as well as the Ru02 content and the Ru metal loading in the 
coatings. The chlorine overvoltage increases when the mole% Ru decreases below 20 or 
the Ru loading is less than 4 gm“^ for a 40mol% Ru electrode [68]. This results in a 
shorter anode life, as shown in Figs. 4.5.10 and 4.5.11. 
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FIGURE 4.5.11. Variation of the anode potential and the operating anode life with 40 mol% Ru electrode as 
a function of Ru loading (plotted from the data in ref. [68]). Operating life was determined in 300 gpl NaCl 
at 3 kA m“^(pH = 2.0-2.5; temperature = 80°C). The break in the life curve indicates a rapid increase in life 
beyond a loading of 4 g m“^. 



40 mol% Ru02 electrode in 3(X) gpl NaCl (pH = 2.0-2.5) at 80°C [68]; dashed line: 33 mol% Ru02 electrode 
at a loading of 2 g m~^ in saturated brine at pH = 0.9 at 40°C [27]. 


Furthermore, the thermal decomposition temperature dictates [27,68] the magnitude 
of the chlorine overpotential, r}c\ 2 ^ the minimal t]ci 2 being achieved by baking at 
400-500°C over a 1 hr duration (Fig. 4.5.12). Overtreating irreversibly produces high 
overvoltage. It should be emphasized that the high r}c \2 values, resulting from less than 
20 mol% Ru in the coating are a direct result of the lowered conductivity of the coat¬ 
ing (Fig. 4.5.3). The effects of the lower mol% Ru, Ru loading, and improper baking 
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conditions are revealed in the service life, and not in the initial 7?ci2 values (Figs. 4.5.10 
and 4.5.11). Thus, for a long service life, the optimal ruthenium content is more than 
25 mol% in the coating at a Ru loading of more than 2 g m“^. 


4.5.6. Cell Performance Characteristics with Ru02 + Ti02-Based Anodes 

Anode performance depends on the brine quality and the operating parameters such as 
pH, current density, NaCl concentration, and NaOH concentration (in diaphragm and 
membrane cells). The contribution of the anode to the cell inefficiency, as mentioned in 
Section 4.4, is directly related to the losses arising from the oxygen evolution reaction, 
and indirectly by chlorate formation. Thus, as the %02 increases, the pH at the anode- 
solution interface decreases, and hence, the amount of chlorate formed will decrease as 
the bulk pH is lowered. The amount of O 2 generated at the anode is a function of the 
current density, pH, the composition and surface area of the anode coating, and the salt 
concentration. 

pH: The anode efficiency is high at low anolyte pH values because of low chlorate 
and oxygen levels. The diaphragm cell efficiency increases from about 88% to 98% 
when the pH is lowered from 4.8 to 3.35. DSA® manufacturers recommend a maximum 
pH of 12 and minimum pH of 2 for the anodes because of potential dissolution of the 
coating at high pH values and Ti dissolution at low pH values. 

Current Density. The current efficiency increases with increasing current density 
for the reasons discussed in Section 4.4. Thus, at 95°C and a caustic strength of 
150gL~^ NaOH, diaphragm cell efficiency is about 91% at 1.55 kA m“^ and 94-95% 
at2.32kAm“^. 

Brine Concentration. With diaphragm cells, the anode efficiency decreases with 
decreasing NaCl concentration—the optimal feed brine concentration being 315 gL”^ 
and the minimal brine strength being 285 gL“*. The efficiency decreases as the salt 
strength goes below 285 g L“^ which is a direct result of increased oxygen evolution. 

With membrane cells, the feed brine concentration is usually about 300 g and 
the recommended minimum salt concentration in the depleted brine is 170 g L“^ 

NaOH Concentration. The anodic cell efficiency decreases with increasing NaOH 
strength in diaphragm cells and with increased back-migration of OH~ in membrane 
cells. 


Temperature. Temperature affects the cell voltage and not the cell efficiency. The 
optimal anolyte temperature at 2.52 kA m~^ in diaphragm cells is about 96°C. 

4.5.7. Anode Failure Mechanisms 

The DSAs used for chlorine generation are titanium substrates (Grade 1 or 2) [69] 
coated with RUO 2 + Ti02 mixtures containing at least 25% RUO 2 . Sn02 and Ir02 
are sometimes added to these coatings for use in diaphragm cells and membrane 
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FIGURE 4.5.13. Schematic of the cross-section of Ru02 + Ti02 coatings on Ti. 


cells, respectively. The coatings are generally prepared by thermal decomposition of 
RuCla/butyl titanate/butanol mixtures at 400-450°C. The coatings are 10-15 p^m thick, 
with a roughness factor (real area/geometric area) of 200-300 depending on the condi¬ 
tions of thermal decomposition. The Ru loading in these anodes varies from 4 to 5 g m“^ 
in diaphragm cells and from 10-15 g m~^ in membrane and mercury cells. 

The einode potential of new or re-coated anodes, with respect to the SCE, is generally 
1.06-1.08 V at 3-^kAm“^, corresponding to a i]c \2 of 95-115 mV. When the anode 
potential increases by 200-300 mV, the anode is regarded as electrocatalytically inactive. 
The anode potential increases with time in operating electrolytic cells. However, if it 
happens during the initial stages, it can be a consequence of poor anode manufacturing 
techniques. Figure 4.5.13 is a schematic of the cross-section of an anode coated with the 
electrocatalytic composition. 

Inadequate surface preparation of titanium before coating can result in surface 
oxides of Ti with the “O” content approaching two. Also, if the anode potential is high, 
the oxide films on the Ti can break down, leading to the anodic dissolution of Ti. It is 
essential to ensure that the intermediate layer containing mixed oxides of Ti and Ru is 
conductive. This can be done by proper thermal treatment of the coating. Otherwise, the 
anode potential will be high from the start. 

The r]c \2 and the life of the anode as judged from accelerated tests (at 30kAm“^ 
in 30gpl NaCl solution), are functions of the mol% Ru02 [68] and. the grams of 
Ru per square meter [68] in the coating (Figs. 4.5.10 and 4.5.11). Below 20 mol% Ru02, 
the anode potential increases and the life decreases. When the mol% Ru02 approaches 
100, the anode is, again, unstable even though its potential is unaffected. Similarly, the 
Ru loadings of less than 2 g m“^ reduce the anode life when compared with coatings 
containing greater than 4-5 g m"^ of Ru. Note that the loading required for long life 
varies with mol% Ru 02 , the presence of other dopants (e.g., Sn 02 ), and the application 
and firing temperatures used in the preparation of these mixed oxide coatings. 

The increase in anode potential as the ruthenium content decreases (at constant 
loading) is a consequence of two factors: 


1. As the mol% Ru02 decreases, the conductivity of the mixed oxide decreases 
(Fig. 4.5.3), The reason for this transition in conduction from that of metal to 
that of an insulator is associated with changes in physical properties and in the 
nature of the chemical bonding [33]. 
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2. As the mol% RuOi decreases, the mechanism of the chlorine evolution 
(Fig. 4.5.7) changes from one involving adsorbed intermediates to a slow elec¬ 
tron transfer step, presumably because of the limited number of electrocatalytic 
sites available for the reaction. Note that if adsorbed intermediates participate, 
the Tafel slope is 30-40 mV, and when the charge transfer step is slow, the Tafel 
slope is 120 mV [70]. 

Since the Tafel slope increases as the mol% Ru02 decreases (Fig. 4.5,7), the %02 
generated will also increase with decreasing mol% Ru 02 , as schematically illustrated 
in Fig. 4.5.14. Observation of high %02 in real situations will happen only when all the 
anodes, connected in parallel in a monopolar cell, exhibit Tafel slopes of greater than 
120 mV. If only part of the anode is deactivated due to either low mol% Ru02 or surface 
blockage, the rest of the active surface will operate at a high current density leading to 
low % 02 . 

The increase in anode potential with decreasing Ru02 loading (at constant at% Ru 
in the coating) is a result of a change in the mechanism of the chlorine evolution reaction. 




FIGURE 4.5.14. Schematic explaining high %02 in chlorine with deactivated anodes. 
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The reduction in the anode life with low initial Ru02 loading coating arises from the 
lack of compactness of the coating in the thin layers, as a result of which the Ti substrate 
will develop a TiOa layer, contributing to the escalating anode potential. 

Chlorine overpotential also may increase as a result of the contamination of the 
active surface by impurities such as Mn02, Si02, BaS 04 , Fe 203 , etc. These contam¬ 
inants can increase the anode potential by blocking the active surface or, in the case of 
Fe 203 , by interaction with Ru 02 and Ti 02 , leading to the surface enrichment of TiOa 
as follows: 


4FeO “h Ru02 —^ 2 Fe 203 "h Ru (10) 

Ru + 4 H 2 O ^ RuOL + 8H+ + 6e (11) 

FeO + TiO ^ Ti02 + Fe (12) 

Surface blockage is a result of deposition of insoluble species or adsorption 
of organic compounds. Impurities adversely affecting the anodes are noted in 
Table 4.5.4. 

Note that if the reason for the high anode potential is simple blockage, chemical 
or physical cleaning should rejuvenate the deactivated anode. When the Tafel slope is 
greater than 120 mV on these anodes that are completely covered with impurities, O 2 
evolution can take over the chlorine evolution reaction resulting in high % 02 . 

The deleterious effects arising from the surface deposits can be offset to some extent 
by judiciously cleaning with appropriate media such as HCl for Fe deposits and NaOH 
for “Si02” deposits. However, when the loading decreases to <2gm“^ or when the 
mol% Ru 02 in the coating, especially in the top surface layers, drops below 20%, the 
anode requires recoating, preceded by stripping the old coating, in order to optimize 
the anode potentials and performance. 


4.5,7.7. Reasons for Lowered Ru O 2 Loading and Mol% Ru O 2 , Erosion by the gases 
evolving at an anode can progressively strip the active layers of the coating and so reduce 


TABLE 4.5.4 Effect of Impurities in Brine on Anodes [71,72] 


Impurity 

Maximum allowed concentration (ppm) 

Effect at greater concentrations 

Ba 

0.4 

BaS 04 deposition 

Mn 

0.01 

Mn 02 deposition 

Co 

0.02 

Co-oxide formation 

Sr, Si 

0.03 

Anode blinding via the formation 
of SrS 04 and Si 02 deposits 

Hg 

0.04 

Formation of calomel 

Ti hydrides 


Formation of Ti02 

Fe 


Formation of Fe oxides 

TOC 

5-10 

Anode deactivation 

F" 

1 

Attacks Ti to form soluble 
Ti-fiuorides 
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the loading. At the same time, chlorine evolution, shutdowns, and oxygen generation 
can cause Ru 02 to dissolve selectively. This will change the composition of the surface 
layers. 

Decreased mol% Ru 02 in the surface layers^ of the coating is a direct result of Ru 02 
dissolution during: ( 1 ) chlorine evolution, ( 2 ) shutdowns, and (3) oxygen generation. 

It should be emphasized that thermodynamically [73,74], Ru 02 can oxidize to 
RuO^ or RuO^” (in alkaline solutions). Ru 02 can be leached from the anode during the 
course of the chlorine evolution reaction via the loss of the unstable adsorbed interme¬ 
diates or the oxidized surface oxides formed during the discharge of the chloride ions as 


described by the reaction schemes (13)-(15). 

Ru 02 + cr ^ RUO 2 CI -he (13) 

RUO 2 CI + H 2 O + cr ^ RUO 2 OH + CI 2 + H+ (14) 

RUO 2 OH + H+ + e ^ Ru 02 + H 2 O (15) 

or 

Ru 02 + 2 H 2 O RUO 4 + 4H+ + 4e (16) 

Ru 02 + 5Cr + 3H+ RuOHCIT + H 2 O (17) 


Ruthenium losses arising from the erosion and the dissolution of the adsorbed 
intermediates formed during the course of the chlorine evolution reaction, and the surface 
oxides [75], are depicted in Fig. 4.5.15. These results [76] show the dissolution rate 
(Vc ingcm~^ hr“^) of Ru to be high initially and decrease rapidly with time (/ in hr). 
Thus, 

Vc = 2.5 X 10“^r‘-2 (18) 

Ru 02 also dissolves during shutdowns [77], as shown in Fig. 4.5.16. The reasons for 
the enhanced Ru 02 losses during this process are not clearly addressed in the literature. 
One contribution to these Ru 02 losses can be the reverse currents arising from the 
cathodic reduction of sodium hypochlorite in the anolyte, which make the anode cathodic 
and reduce the Ru 02 to Ru or some lower oxide (e.g., RuOjc where jc < 2), that is 
oxidized during electrolysis to a soluble Ru species such as H 2 RUO 3 or H 2 RUO 5 or 
RuO^”. Alternately, the surface oxidation state of Ru 02 can be modified during the 
current interruptions to an unstable intermediate, leading to its dissolution in the anolyte. 
The reaction schemes leading to Ru dissolution closely follow Eqs. (11) and (17). The 
enhanced Ru losses with current interruptions are a consequence of the changes in the 
composition of the surface oxide following each cathodic pulse (because of reverse 
currents) and anodic pulse (after electrolysis is resumed) that dissolves at a faster rate 
than the original oxide that is thermally formed. 

Depletion of RUO 2 can also result from oxygen generation. It was shown [78] that 
the concentration of Ru sites on the surface of the anode, as reflected in the overall 

^Surface enrichment of Ti02 was noted [78] from ESC A studies. 
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log (time (hours)) 

FIGURE 4.5.15. Ruthenium losses arising from erosion and general dissolution with 30% Ru02 + 70% Ti02 
electrode at 2kAm“^ in 300 gpl NaCl at 70°C (plotted from the data in ref. [75]). 



FIGURE 4.5.16. Dependence of corrosion rate Ru02 + Ti02 anode on the frequency of shutdowns [77]. 


capacitance^ of the system, first increased and then decreased as the anode potential 
increased to unacceptable values (Fig. 4.5.17). The initial increase of Ru02 sites is 
a consequence of the opening of pores on the surface, and the final decrease is a result 
of the depletion of Ru sites. When pores develop on the surface, electrolysis of NaCl 
continues in the pores and, at some stage, when all the chloride ions are depleted, O 2 
evolution takes over in the pore. It has been shown [60] that oxygen evolution from a 


^The capacitance of the oxide/solution interface reflects the electrical characteristics of the system [62,79]. 
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FIGURE 4,5.17. Time dependence of the pseudocapacitance, Cp, reflecting anode failure [78]. (Reproduced 
with permission of The Society of Chemical Industry.) 


Ru 02 surface involves the Ru 02 • OH and RuOb species as: 


Ru 02 “h H 2 O —> Ru 02 ’ OH -h H"^ -f" c 

(19) 

Ru 02 • OH RuOs + H"*" -h e 

( 20 ) 

RUO 3 Ru 02 + 1 / 2 O 2 

( 21 ) 


Ru 02 losses can occur via the dissolution of the intermediates in the above reactions. 
However, the published corrosion data for Ru from O 2 evolution are not reliable as the 
data forecast Ru losses as high as 40gm“^hr”^[80], which are inconsistent with the 
observations in diaphragm chlor-alkali cell operations. 

The %02 from the anode generally: 

1 . increases with increasing %Ru 02 in the coating, increasing surface area of the 
coating, decreasing current density, and increasing pH (but is insensitive to pH 
values below 2), and 

2. decreases with increasing Cl“ ion concentration (the recommended level: 
280-315 gL“^) and with the addition of dopants such as Sn02 and Hf02 to 
the coating [21,81]. 

It is easy to comprehend the anode potential escalation arising from the impurities 
and loss of Ru loadings to <2 g m“^. However, the anode deactivation observed when 
the Ru loadings are >2 g m“^ is difficult to rationalize. 

The mechanisms involved in the deactivation of Ru02/Ti02-based anodes dur¬ 
ing the course of the chlorine and oxygen evolution reactions have been the subject of 
several recent reviews [18,72,82,83], and various publications [39,68,76-78,84-101]. 
It is unequivocally agreed that, during electrolysis, some RUO 2 does dissolve 
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electrochemically (although the magnitude of the rate of dissolution is not known with 
certainty), and that some of it is also lost by erosion [84,86]. The corrosion rate of Ru 02 is 
minimal, around pH 1-2 [91,94], and increases below a pH of ^0.2 (forming RuOHCl^”) 
[91] and above a pH of ~4 (forming RuO^” and gaseous RUO 4 [76,87,96,102]). The 
Ru 02 dissolution rate increases with increasing current density [76,88], increasing %02 
generation [85,95,96], decreasing NaCl concentration [90,97,98], and an increasing 
number of shutdowns of operating cells [76,77]. Ti 02 dissolution is believed to be 
chemical [93], resulting in the formation of TiO^"*". 

While it is accepted that RUO 2 coatings dissolve during operation in both NaCl and 
H 2 SO 4 solutions, the relationship between this loss and the mechanism of deactivation of 
Ru 02 /Ti 02 anodes is still not very clear. Some studies [39,78,88,91,100,103-105] attrib¬ 
ute the deactivation solely to the surface depletion of RUO 2 , resulting in the development 
of a high resistivity RUO 2 + Ti 02 composition when the Ru content is <20 at%. 

Others [87-89,101] consider the buildup of a Ti 02 layer at the Ti 02 -coating inter¬ 
face to be the cause of the anode failure. The porous nature of the coatings will contribute 
to the rate of Ti 02 growth, as will the dissolution of the active coating with time. This 
failure mode is consistent with that for other coatings on titanium, especially iridium 
oxide-based coatings, where surface depletion is not a significant factor [101,106]. 
For Ru 02 /Ti 02 coatings, the actual failure mode may be a combination of the two 
phenomena: Ru loss and growth of a Ti 02 layer. 


4.5.7.2. Strategies to Prevent the Loss of Ru. As shown above, the lowered proportion 
of Ru 02 in the outer region of the coating causes the anode potential to reach unaccept¬ 
able values. The decreasing Ru levels on the surface are a consequence of shutdowns, 
loss of Ru-based adsorbed intermediates involved in the chlorine and oxygen evolution 
reactions, erosion, and the blockage of the active anode surface by the impurities in 
the solution. The last, which causes localized high current densities, can be minimized 
by using high quality brine, devoid of impurities such as Si 02 or SiO^”, Mn^“^, Ba^"^, 
and Fe^~^ or Fe^"^. The Ru losses, arising from erosion by the chlorine gas generated 
at the anode, can be lowered by operating at a low current density, or by designing the 
anodes to reduce the gas velocities. However, the reduction in current density is not a 
practical option, as the present trend is to operate the cells at the highest current density 
as the system permits. The loss of Ru during shutdowns can be substantially reduced by 
minimizing the number of shutdowns, or by negating their effect by cathodic protection 
or by rapid removal of hypochlorite from the cells. This would preserve the surface 
compositional integrity of the anode coating. In addition, operating the cells at pH 2-3 
would also be beneficial in two ways. First, electrolysis at a low pH would dissolve Ti 02 , 
resulting in minimal changes in the surface composition of the coating. Second, in the 
low pH region, less oxygen would evolve at the anode and less ruthenium would be lost 
through the oxygen evolution reaction. 

Another option to lower the Ru losses is to dope the anode coatings with Ir 02 , 
which has been shown to markedly decrease the Ru corrosion rate during electrolysis in 
NaCl solutions. This would minimize the surface depletion of Ru and thus extend the 
operating life of the anodes. The Ru: Ir ratio in the coating is 1:1 on either a weight or 
mole basis. 
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4,5.7,3, Rejuvenation of Deactivated Ru02 Anodes. If the Ru loss in the deactivated 
anode is a result of a uniform dissolution across the entire coating layer, resulting in a 
Ru loading of less than 2 g m“^, the anode must be recoated to regain its electrocatalytic 
activity. Under these conditions, the remaining coating must be stripped off before 
recoating. However, if surface depletion of Ru is the cause for the increased anode 
potential, then replenishment of these surface sites should result in the rejuvenation of 
the deactivated anodes. 

Recent studies performed with deactivated anodes [100,103] show that electroless 
or electrolytic platinum deposition on failed anodes not only lowered the polarization 
behavior of these anodes, but also demonstrated lifetimes equal to those of new anodes 
in accelerated life tests in sulfuric acid solutions [100]. These results demonstrated that 
the deactivation of anodes whose Ru loading was still high was a direct consequence of 
the depletion of Ru from the outer region of the coating. Note that this process of surface 
enrichment by conducting electroactive species will not reactivate a failed anode if there 
is a Ti02 buildup at the Ti substrate-coating interface. 


4.5.8. Anode Structures 

In the 1960s, the technology of choice to produce chlorine was the mercury cell, in part 
because of its ability to operate at high current densities. Therefore, DSAs first operated 
commercially in mercury cells, where rapid gas release was very important. The anode 
designs [107] used in mercury cells to accomplish the quick release of chlorine, so that 
the anode-cathode gap could be lowered and the NaCl strength in this space maintained 
at high levels, are shown in Fig. 4.5.18. Baffles on the back of the active anode surface 
are claimed [108] to provide sufficient gas lift to force the brine into the space between 
the anode and cathode. 

Figure 4.5.19 depicts the schematics of the mercury cell anodes with an expanded 
titanium mesh [109]. Other types of mercury cell anodes use small diameter titanium 
rods or thin titanium blades. Electrical connection in the cell is made through the boss 
using solid copper rods protected with a riser tube of titanium. A typical arrangement of 
anodes in a mercury cell is shown in Fig. 4.5.20. 

The two basic anode designs used [69,108,109] in diaphragm cells are box anodes 
and expandable anodes. Figure 4.5.21 illustrates the box anode, which was designed 
as a direct replacement for graphite anodes. The active surface is the coated expanded 
titanium mesh and a copper-cased titanium conductor bar which carries current. The 
expandable anode, presented in Fig. 4.5.22, contains clips that hold the anodes prior to 
cell assembly to ensure that the asbestos diaphragm is not damaged. After positioning the 
cathode and placing the 3 mm diameter spacers over the cathode, the clips are removed 
from the anode. The spring-activated anode surfaces then close in, providing a uniform 
and narrow anode-cathode gap. 

Membrane-cell anodes are coated expanded titanium mesh type or louvered type 
[110], and the anode is generally in contact with the membrane. The anode surface has 
to be absolutely smooth to ensure that no pinholes are created in the membranes [69]. 
It is claimed that punched steel metal is superior to a flattened expanded metal as the 
anode substrate [111]. 
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FIGURE 4.5T 8. Configurations of mercury cell anodes: (a) blade type; (b) runner type; (c) rod type; (d) mesh 
type [106]. (Reprinted by permission of John Wiley & Sons, Inc.) 



FIGURE 4,5.19. Method for making electrical connections to a metal anode in mercury cells [106]. 
(Reprinted by permission of John Wiley & Sons, Inc.) 
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FIGURE 4.5.20. End view of a mercury cell showing typical arrangement of metal anodes [106]. (Reprinted 
with permission of John Wiley & Sons, Inc.) 



FIGURE 4.5.21. Typical diaphragm cell box anode [71]. (Reprinted with permission of John Wiley & 
Sons, Inc.) 

The lifetimes [69] of Ru02-based anodes under normal operating conditions are 
shown in Table 4.5.5. 

4.5,9. Anode Costs and Manufacturers 

The cost of an anode is a function of the anode configuration and the coating technology 
and coating composition. It can easily be calculated from the labor and chemical costs 
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Retainer Clip 




FIGURE 4.5.22. Expandable anode for diaphragm cells: (a) clamped; (b) expanded [106,108]. (Reprinted 
with permission of John Wiley & Sons, Inc.) 


TABLE 4.5.5 Average Lifetimes of Ru02-Based Anodes 


Cell type 

Average current 
density 

(kAm-2) 

Coating 

composition 

Ru loading 

(gm“2) 

Typical life 
(years) 

Mercury 

10 

Ru 02 + Ti02 

10-15 

1.5-2.5 (or 180 tons Cla/tn^) 

Diaphragm 

2 

Ru 02 + Ti02 + Sn02 

4-7 (mole ratio: 
3Ru:2Sn:llTi) 

10 (or >2(K)tons Cl 2 /tn^) 

Membrane 

4 

Ru 02 + Ti02 + Ir02 

4—5 (Ru: It = equimolar 7 (expected) 

or equal weight) (or 300 tons Cl 2 /m^) 


involved in the application of the coatings. Generally, they lie in the range of30-40 times 
the cost of the noble metal used in the coating by the thermal decomposition techniques, 
or $75-100 g"^ of noble metal [112]. The variability in the multiplication factor arises 
from the nature of the anode base, the extent of repair, labor cost, and the ease with 
which the coating can be applied. 

Figure 4,5.23 shows a typical anode coating process [ 107]. Appendix 4.5.1 describes 
the individual steps. 

Anode coating suppliers include Chemapol Industries (India), ELTECH (US), Elec¬ 
trode Products Inc. (US), DeNora (US), Huron (Canada), Permelec (Japan), INEOS 
(UK), Magneto-Chemie (Holland), Permelec (Italy), Team (India), Titan (India), and 
many others. 

Several Ru02-based compositions are available for use in the chlor-alkali service. 
The anodes marketed [113] by ELTECH Systems Corporation are shown in Table 4.5.6. 
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FIGURE 4.5.23. Metal anode coating process [108]. (Reprinted with permission of John Wiley & 
Sons, Inc.) 


TABLE 4.5.6 ELTECH’s Anodes for Chlor-Alkali Service 


Designation 

Primary components 

Applications 

EC 100 

Ru,Ti 

Mercury 

EC 107 

Ru,Ti 

Diaphragm 

EC 150 

Ru,Ti 

Membrane 

EC 200 

Ru, Ti, Sn 

Diaphragm 

EC 300 

Ru, Ti, Ir 

Membrane 

EC 301 

Ru, Ti, Ir 

Mercury 

800 Series 

Proprietary 

Customer specified formulations 
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FIGLFRE 4.5.24, Weight loss of anode coatings with varying Ir02 content- Anode: 50 mol% Ti02 at 10 g 
prepared at a firing temperature of 400°C; Electrolysis conditions: 210 gpl NaCl at 90°C, pH = 3.0; current 
density: 20kAm“^ [121]. (With permission from The Electrochemical Society of Japan.) 


4,5.10. Alternate Anode Compositions 

Several anode coatings not mentioned in Table 4.5.6 have been examined for use in 
chlor-alkali cells. The interesting compositions are Pt-Ir on titanium [114,115], cobalt 
spinels [116-118], PdO-based coatings [111], and platinates [119,120]. 

To the knowledge of the authors, these coatings have found only limited application. 
A promising composition that has made inroads in membrane cell applications is 
Ru-Ti-Ir, as the incorporation of iridium oxide reduces corrosion during operation 
(Fig. 4.5.24) and shutdowns [121,122]. 


APPENDIX 4.5.1: Ru02 +Ti02 COATINGS ON TITANIUM 

Substrate preparation 

1. Solvent cleaning 

(a) Acetone soak and dry 

(b) Methylene chloride soak and dry 

2. Surface etching 

(a) Hydrochloric acid and oxalic acid etch solution 
18% HCl + 10% by weight H 2 C 2 O 4 

(b) Etch procedure 

(i) Heat solution to 95°C with stirring 

(ii) Soak titanium substrate in hot solution for 15-30 min (ensure that the 
etch is uniform and the surface has dull gray matte finish) 

(iii) Repeat Step (ii) if necessary 

(iv) Rinse with distilled water or ultrapure water 

(v) Rinse and store in methanol. 
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Coatings application and conversation 

1. Coating application 

(a) Coating techniques: 

Brushing, spraying, dipping 

(b) Solution composition (this solution should not be exposed to moisture) 

(i) Ruthenium chloride (RuCla), 18,2 g 

(ii) Tetrabutyl titanate (Ti[0(CH2)3CH3]4), 45 cc 
(hi) Hydrochloric acid (HCl—37%), 6cc 

(iv) Butyl alcohol (CH 3 (CH 2 ) 30 H), 93 cc 

2. Thermal conversion 

(a) Heat in air to ~100°C at 5-10°C min“^ Maintain at 1WC for ~15 min. 

(b) Heat further to 435-450‘^C in air at ~lO'^C min“^, hold for 30 min. 

(c) Remove and cool to room temperature 

(d) Depending on the coating thickness desired, repeat the coating procedure 
10-15 times to achieve the desired loading of about lOg m~^ of Ru. 
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4.6. CATHODES 
4.6.1. Introduction 

The primary electrochemical reaction at the cathode in diaphragm and membrane cells 
is hydrogen evolution from alkaline solutions. The cathode is carbon steel in diaphragm 
cells and usually nickel in membrane cells. An examination of the components of cell 
voltage of these cells shows the cathode overvoltage to be in the range of 0.2-0.3 V in the 
current density range of 2^kAm"^ on steel substrates, and slightly higher on nickel 
substrates. 
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One of the major achievements in the chlor-alkali industry in the early 1960s was the 
introduction of metal anodes. The changeover from carbon to noble metal coated anodes 
resulted in a voltage savings of over 0.2 V, longer anode life, better cell gas (i.e., higher 
current efficiency), and permitted operation of the cells at higher loads without significant 
voltage penalties. Commercialization of DSA® anodes worldwide provided impetus in 
the water electrolysis industry [1,2] to develop materials such as mixed oxides as anodes 
and high surface area nickel-based electrodes as cathodes to reduce energy consumption. 

The hydrogen overvoltage at the cathode is the difference between the operating 
voltage of the hydrogen-producing cathode and the reversible hydrogen discharge poten¬ 
tial in the given electrolyte. Under industrial conditions, hydrogen overvoltage normally 
follows the Tafel equation: 

where rj refers to the hydrogen overvoltage, b to the Tafel slope, A to the surface area, io 
to the exchange current density in amperes per square centimeter of the real surface area, 
and I to the total current (i.e., / = /A, i being the real current density in amperes per 
square centimeter of the electrochemically active surface area), io and b are constants 
that depend on the rate of the hydrogen evolution reaction (HER) on the given substrate 
and the mechanism of the HER. The Tafel slope b is approximately 120 mV on most 
smooth metal surfaces, at 25'^C in alkaline solutions. 

The overvoltage for hydrogen discharge on mercury is very high, which makes 
the mercury cathode-based chlorine cell a viable concept. In a typical mercury cell, the 
cathode potential is about 1.8 V more cathodic than the reversible hydrogen electrode 
potential. An average chlorine gas sample from such a cell may contain 0.5% H 2 , indic¬ 
ating that 0.5% of the cathodic current is carried by the hydrogen ion, the other 99.5% 
being carried by the sodium ion. The sodium overvoltage at the mercury cathode is quite 
small, of the order of 10“20mV. 

The traditional cathode material for diaphragm cells is low-carbon steel which 
exhibits low hydrogen overvoltage and high durability in sodium hydroxide solutions 
and is available at low cost in a wide variety of structural shapes. It is cathod- 
ically protected from corrosion during operation and, with proper care, produces 
250-300 tons of NaOH/m^ of the cathode area. Although steel is a relatively good 
electrocatalyst for hydrogen evolution, its overvoltage in diaphragm chlorine cells 
is typically 300 mV, the exact value depending on the state of the cathode surface 
(Fig. 4.6.1). Furthermore, iron will dissolve as ferrate, HFeO^ in hot concentrated 
caustic solutions at the open circuit potential, as expected from the Pourbaix dia¬ 
gram [3] of Fig. 4.6.2. This situation also arises when the cell is short-circuited 
during shutdowns, as the cathode surface, free of any oxide, is suddenly polarized 
anodically. 

Nickel, which is not as electrocatalytically active as iron toward the HER, exhibits 
excellent corrosion resistance in hot, concentrated, alkaline solutions. Motivated by 
the stability of Ni in caustic solutions (Fig. 4.6.3) and the extensive investigations by the 
water electrolysis industry to develop Ni-based cathodes, significant efforts have been 
made to develop catalytic cathodes for application in chlor-alkali cells. 
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FIGURE 4.6.1. Polarization data for the HER on steel and Ni plated steel in 15% NaOH +17% NaCl solutions 
at 95®C [10]. (With permission from the Indian Academy of Sciences.) 



pH 


FIGURE 4.6.2. Potential-pH diagram for the Fe—H 2 O system at 25°C [3]. The region between the lines 
(a) and (b) represents the domain of the thermodynamic stability of water. The numbers on the lines represent 
the logarithm of the activity of the species. (M. Pourbaix, Atlas of Electrochemical Equilibria in Aqueous 
Solutions, Publishers: NACE and CEBELCOR.) 
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FIGURE 4.6.3. Potential-pH diagram for the Ni-H20 system at 25®C [3]. The region between the lines 
(a) and (b) represents the domain of the thermodynamic stability of water. The numbers on the lines represent 
the logarithm of the activity of the species. (M. Pourbaix, Atlas of Electrochemical Equilibria in Aqueous 
Solutions, Publishers: NACE and CEBELCOR). 


4.6.2. Criteria for Low Overvoltage Hydrogen Cathode 

The strategy to obtain high performance materials for the discharge of hydrogen from 
high alkaline media has been two-fold: 

I. Selection of materials with high io and low b. 

II. Enhancement of the surface area. 

The preferred materials are those exhibiting high io and low b, since high operating 
current densities can be achieved without significant increase in the overvoltage, as 
shown qualitatively in Fig. 4.6.4. Kinetic treatment of the generally accepted pathways 
during the HER shows that participation of adsorbed intermediates in the slow step 
during the HER results in low Tafel slopes (Table 4.6.1) [4-9]. 

Since the atomic hydrogen participating in the slow step diffuses into the bulk metal, 
metals exhibiting low Tafel slopes act as sinks for adsorbed hydrogen, resulting in hydro¬ 
gen embrittlement via lattice expansion/distortion [5,7]. While the presence of adsorbed 
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Ini 


FIGURE 4.6.4. Schematic of the polarization data when two activation controlled reactions with different 
Tafel slopes proceed. 


TABLE 4.6.1 Pathways Involved in the H 2 Evolution Reaction 


Mechanism 

Fdrj/RTdlni 

Comments 

Discharge 

M + H+ + e ^ MH 

2 

Non-embrittling 

Recombination 

0.5 (1 - 0) 

Hydrogen embrittlement 

MH + MH ^ M + H 2 


possible 

Electrochemical desorption 

l/(L5-0) 

Hydrogen embrittlement 

MH + H+ + e ^ 2M + H 2 


possible 


Note: $ in the above table refers to the coverage by the adsorbed H intermediate. 


hydrogen is advantageous under some conditions (e.g., “buffering” the “reverse currents” 
encountered during shutdowns), it is most deleterious to the structural integrity of the 
metal. Hence, the ideal material would be one exhibiting a high io for the HER, with 
discharge as the slow step. Another obvious, but a nontrivial factor, is the enhancement 
of the area, which brings about a decrease in the overvoltage as shown by Eq. (1). 

The main technical criteria for selection of a high-performance cathode material 
include 

1 . cost/life; 

2 . electrocatalytic activity; 

3. stability under open circuit conditions; 

4. coating technique vis-a-vis cell design/cathode geometry; 

5. product purity. 
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4.6,2,L Cost/Life. If one assumes that a catalytic cathode provides a savings of 
100kWhrton“^ of chlorine, the cost savings, at $0,035 kWhr“^ and an operating cur¬ 
rent density of 3 kA m“^ over a 5-year period at 360 days per year at 100% efficiency 
will be $600. At a cathode coating cost of $600 m”^, the payback period is 5 years. The 
payback time T can be calculated using the following relationship. 

T ^'il.SP/LEDSC 


T = Payback time, yr 
L = Operating load, kA • m”^ 

E = Current efficiency, fraction 
D = On-line factor, days • yr“^ 

S = Energy saving, kWhr • ton“^ 

C = Cost of DC power, $ • kW hr“^ 

P = Coating cost, $ * m”^ 

This simple expression shows that the cost is a function of several parameters like current 
density, energy savings, cost of power, and operating life, not excluding the downtime 
costs, if the cathode has to be changed or replaced. 


4.6.22. Electrocatalytic Activity. As discussed in Section 4.2, there are no simple pre¬ 
dictive tools for selection of a cathode composition that will provide low overvoltages 
in alkaline solutions. Table 4.6.2 shows the exchange current density and the Tafel slope 
for the HER on various metals, and Figs. 4.6.5 and 4.6.6 depict the cathodic polarization 
of some metals in NaOH -H NaCl solutions, at 95°C [10]. These data, obtained on planar 
surfaces, reveal that the hydrogen overpotential on all these metals is in the range of 
300-350 mV at 200-300 mA cm“^, similar to the hydrogen overvoltage on steel. 

As nickel is most stable in caustic solutions, there has been significant focus on 
imparting catalytic activity to nickel, by alloying with other metals and nonmetals. The 
concept behind this approach is the possibility of inducing electrocatalysis to nickel 
toward the HER, by incorporating metals which fall on either side of the volcano curve 
(Section 4.2), constructed based on the heats of formation of metal-hydrogen bonds 
[11], in the nickel matrix. Studies with various nickel alloys and other compounds 
(Figs. 4.6.7 and 4.6.8) reveal the effect of alloying. Figure 4.6.7 shows best activity from 
10% Co 4- 90% Ni. Ni-Sn alloy behaved more like nickel, but NiTi and NiTi 2 showed 
dramatic effects by exhibiting low overvoltages in the high current density region. These 
alloys, however, disintegrated after a few hours because of the formation of Ti hydrides 
and associated lattice expansion. Ni-Ir, Ni-W, and Ni-Co alloys exhibited overpotentials 
which were high compared to those presently used in the industry. 

The influence of B, P, Bi, S, SiC, Si, and Zr02 in the nickel matrix on the current- 
voltage curves is depicted in Fig. 4.6.8. The enhancement in catalytic activity was 
significant, but the overvoltages were still high except on NiSi and NiSi 2 , which showed 
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TABLE 4.6.2 Kinetic Data for the Hydrogen Evolution Reaction in Alkaline 
Media (Compiled from refs. [2,8-10]) 


Metal 

Medium/(temp:‘^C) 

io(Acm 

Tafel slope (mV)® 

Ag 

IN NaOH/(30) 

3.16 X 10"’ 

120 

Au 

0.1NNaOH/(25) 

10"^ to 10"’ 

71-120 

C 

40% NaOH/(40) 

2.95 X 10-5 

148 

C (vitreous) 

15% NaOH + 17% NaCl/(95) 

7 X 10-5 

700(?) 

Co 

15% NaOH -h 7% NaCl/(95) 

10"* 

135 


6N NaOH/(25) 

5 X 10-5 

140 

Cu 

0.1NNaOH/(25) 

10-'^ 

120 

Cd 

6N NaOH/(25) 

4 X 10"’ 

160 

Cr 

6N NaOH/(25) 

1.6 X 10"^ 

120 

Fe 

15% NaOH -F 17% NaCl/(95) 

2.4 X 10"'* 

150 


0.1NNaOH/(25) 

1.6 X 10"® 

120 

Hg 

0.1NNaOH/(25) 

3 X 10-'5 

120 

It 

0.1NNaOH/(25) 

45 X 10"^ 

125 


15% NaOH + 17% NaCl/(95) 

2 X 10-5 

110 

Mo 

15% NaOH + 17% NaCl/(95) 

10-5 

120 


0.1NNaOH/(25) 

5 X 10-’ to 5 X 10"* 

80-116 

Nb 

LONNaOH/(25) 

3.2 X 10-* 

140 

Ni 

0.5N NaOH/(25) 

8 X 10"’ 

96 


15% NaOH -f 17% NaCl/(95) 

3 X 10"® 

100 

Pb 

0.5N NaOH/(25) 

3.2 X 10"’ 

130 

Pd 

0,lNNaOH/(25) 

10-5 

125 

Pt 

0.1NNaOH/(25) 

7 X 10-5 

114 


15% NaOH -H 17% NaCl/(95) 

8 X 10-“* 

170 

Re 

15% NaOH -H 17% NaCI/(95) 

1 X 10-5 

160 

Rh 

0.1NNaOH/(25) 

10"^ 

118 


15% NaOH + 17% NaCl/(95) 

10-5 

170 

Ru 

15% NaOH -h 17% NaCl/(95) 

10"* 

155-45(?) 

Sn 

6N NaOH/(25) 

3.2 X 10"’ 

150 


15% NaOH -F 17% NaCl/(95) 

2 X 10"* 

140 

Ti 

6N NaOH/(25) 

10"® 

140 


15% NaOH + 17% NaCl/(95) 

8 X lO"'* 

240 

W 

0.5N NaOH/(25) 

2 X 10-’ to 3 X 10"* 

80-100 


15% NaOH + 17% NaCl/(95) 

5 X lO"'* 

200 

Zn 

0.1NNaOH/(25) 

4 X 10-’ 

210 

Note: 




^Extrapolated from the high current density region. 
^From the data in the high current density region. 




high Iq values (defined as iqA) and low Tafel slopes. The enhanced activity was a result 
of the high surface area generated by the leaching of Si from the matrix of NiSi and 
NiSi 2 . It is interesting to compare these low Tafel slopes of 20-30 mV to the Tafel slope 
value of '^llOmV observed with the smooth nickel surfaces. This realization of low 
overvoltages has prompted extensive investigations to prepare nickel-based electrodes 
with large surface areas. 

There are several techniques available to generate large surface areas, the most 
popular and practical being plasma or thermal spraying, thermal decomposition, and 
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FIGURE 4.6.5. Polarization data for the HER on Fe, Co, and Ni electrodes in 15% NaOH+ 17% NaCl 
solutions at 95°C [10]. (With permission from the Indian Academy of Sciences.) 



FIGURE 4.6.6. Polarization data for the HER on Pt, Ir, Rh, and Ru electrodes in 15% NaOH + 17% NaCI 
solutions at 95®C [10]. (With permission from the Indian Academy of Sciences.) 

electrodeposition. These can produce pure nickel coatings and composites that contain 
nickel and a component teachable in caustic solutions (e.g., Zn, Al, S, Mo, and Si). The 
various composites examined are discussed in Section 4.6.3. 


4.6,23, Stability Under Open-Circuit Conditions, Most metals remain stable when 
cathodically protected. However, many of them are unstable in hot concentrated caustic 
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FIGURE 4.6.7. Polarization data for the HER on (a) Ni-Ir alloys, (b) Ni-Ru alloys, and (c) Ni-Co alloys in 
15% NaOH -f 17% NaCl solutions at 95°C [10]. (With permission from the Indian Academy of Sciences.) 


solutions. Thus, iron cathodes in NaOH solution exhibit an open circuit potential that 
is negative with respect to the reversible hydrogen electrode in the same solution. Thus 
a corrosion potential arises from the anodic dissolution of Fe as HFeO^ ♦ The corres¬ 
ponding reduction reaction is the discharge of H 2 O molecules to form hydrogen, or the 
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Current Density (mA/cm^) 



FIGURE 4.6.8. Polarization data for the HER on (a) various Ni-based compounds and (b) Ni-Zr02 mixtures 
plasma sprayed on Ni substrates in 15% NaOH + 17% NaCl solutions at 95°C [10]. (With permission from 
the Indian Academy of Sciences.) 


reduction of other catholyte species such as OCl” and CIO^. While the corrosion of iron 
arising from the former can be controlled by appropriately manipulating the pH of the 
medium, the forced instability of Fe by the cathodic reduction of OCl“ or CIOJ can not 
be easily avoided. It is thus essential that any cathode material chosen for operation in 
chlor-alkali cells not only be stable in highly alkaline NaOH solutions, but also be able 
to resist oxidation by the OCl“ and CIO^ reduction reactions. 


4.6.2,4. Selection of the Coating Technique. Several methods, such as plasma spraying, 
thermospraying, electrodeposition, and thermal decomposition, are available for gener¬ 
ating high-surface area coatings on iron or nickel substrates. However, it is necessary to 
consider the operating temperature and to examine the complexity of the cathode struc¬ 
ture before choosing the coating technology, because of the limited “throwing power” of 
the various coating methods. Thus, coating an entire cathode finger in the highly complex 
diaphragm cell in situ would be extremely difficult. Furthermore, the tolerances involved 
in the fabrication of the cathodes are so stringent that any coating technique that requires 
operations at high temperatures is likely to distort the cathode. This, in turn, skews the 
current distribution in the cell and increase the structural ohmic drop. 
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4.6.2.5. Product Purity. In chlor-alkali cells, there are two parasitic cathode reactions, 
which lead to “blind” current efficiency losses: 

ocr + H 2 O + 2e cr + 20H~ 

CIO" + 3 H 2 O + 6e cr + 60H" 

It is known that OCP is reduced at the cathode under limiting current density conditions 
on all metals, whereas the cathodic reduction of CIOJ to Cr is kinetically slow and 
proceeds only on iron-based surfaces at low current densities [12]. Since chlorate is 
an undesirable impurity in caustic for some end uses, this would be an advantage for 
iron-based cathodes. The disadvantages of iron cause nickel to be the metal of choice 
for membrane-cell cathodes. In future developments, electrocatalytic activity toward 
chlorate reduction would be a useful goal. 


4.6.3. Methods Employed to Realize High Surface Area 

As discussed earlier, cathodes of pure metals or alloys are not electrocatalytically bet¬ 
ter than steel or nickel. Low cathode overvoltages are realized only when the cathode 
surface area is large. This is why efforts to achieve low cathodic overvoltages have 
focused on cathode surface coatings. Techniques for the generation of high surface 
area coatings include: (1) plasma or thermal spraying, (2) thermal decomposition, 
(3) electrodeposition, and (4) in situ activation. 

Plasma and thermal spraying techniques [13,14] involve degreasing a nickel sub¬ 
strate, followed by sandblasting with 20-mesh alumina to generate a surface that can 
provide good adhesion of the coating. Nickel and sometimes a second constituent such 
as Zn, Al, Si, or Mo in a powder form (—200 to -1-325 mesh) are mixed and fed to 
a plasma gun, powered at 30-^0 kW to a temperature of about 5,000°C in an argon 
atmosphere. The substrates are maintained at 200-300"^C by external cooling, and the 
mixtures are sprayed at a rate of 25 jxm per pass until the desired thickness is achieved. 
The second component is subsequently leached out in NaOH solutions to generate a 
high surface area. Alternatively, one may employ an electroarc wire spray process [15] 
to achieve the desired surface area. 

The thermal decomposition method involves either spraying or painting the sub¬ 
strate with a solution of the chloride salt of the appropriate metal dissolved in HCl or a 
solvent such as isopropyl alcohol, followed by a high temperature treatment in air to form 
the corresponding oxide. This is quite similar to the process for forming anode coatings 
on titanium substrates. In some instances, the oxides are reduced to a metallic form by 
heating in the presence of hydrogen with an optional sintering procedure. Metals that 
can be applied by this method include Ni, Co, Ru, Zn, Rh, and Ir. 

Electroplating, or in some instances electroless plating of a metal or an alloy, can 
also generate high surface areas. Plating typically involves a ferrous substrate (steel) 
or nickel on which metals such as Ni, Mo, Co, Cd, and W, or their alloys, have been 
deposited. A variation of the plating scheme involves codeposition of elements such as 
Zn or Al with Ni (or other metals or metal oxide powders) and a subsequent chemical 
leaching treatment to form a high-surface area porous matrix, if required. Other options 
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include the deposition of a thin layer of a noble metal such as Pt on an intermediate 
nonporous Ni layer formed on steel substrates. 

Ni-S, Ni-Zn, Ni-Re, Ni-Mo, Ni-Mo-Cd, and Ni-Sn coatings can be depos¬ 
ited onto nickel substrates by electroplating. Nickel substrates are initially degreased 
in trichloroethylene at room temperature for 30 min, followed by rinsing in acetone- 
ethyl alcohol and then in water. The substrates are then activated in a 1:1 mixture of 
concentrated HNO 3 and glacial acetic acid for 5 min prior to plating. Ni-S coatings [16] 
can be deposited from a modified Watts nickel bath containing 150gL“^NiSO4, 
47.5gL-iNiCl2,30gL-iH3BO3,and30gL-^ KSCN(pH ^ 4) at 45°C and at a current 
density of 20mAcm“^ for 1 hr. Ni-Zn coatings are prepared from solutions containing 
330gL-^NiSO4, 45 gL-^NiCl 2 , 37 . 5 gL-‘H 3 B 03 , and 20 gL-iZna 2 (pH - 4.5) 
at 50°C and at a current density of 3 mA cm~^ for 1 hr. Plating conditions and baths 
employed for electrodepositing Ni-Re [17,18], Ni-Mo [19], Ni-Mo-Cd [20], and Ni-Sn 
[ 21 ] are noted in the references cited. 

In situ activation to achieve low cathodic overvoltages was motivated by the studies 
of Riley and Moran [22], who found reduced cathode potentials on pure nickel by 
the addition of small quantities of iron to the catholyte, as a result of the deposition 
of Fe in a high surface area form. Scanning electron microscope studies confirmed 
the enhancement in the surface area. Similar in situ activation of nickel and cobalt 
cathodes was noticed [23] by the addition of Na 2 Mo 04 to 30 wt% KOH at 70°C—the 
activation being optimal at an Mo concentration of 0.004 M, added as M 0 O 4 . Addition 
of chloroplatinic acid to the catholyte of a chlor-alkali cell was found to result in lowered 
cathode potentials and this was the basis of a patent [24]. This approach is attractive, 
as it does not involve the costs associated with a coating process. However, caution 
is necessary as the unreacted chloroplatinic acid may adversely affect the product or its 
end uses, or it may cause galvanic corrosion. 


4.6.4, Cathode Materials and Compositions 

A wide variety of materials and coatings have been evaluated for use as cathodes in 
diaphragm and membrane cells, most of them nickel-based. Some of the compositions 
disclosed in the patent literature are presented in Table 4.6.3, and Trasatti [13] and 
Conway and Tilak [4] have reviewed kinetic factors involved during the course of the 
HER on various materials in alkaline media. Various activation procedures have been 
employed to modify the surface morphology of nickel to increase the active surface area. 
Although many promising compositions and methods were reported [25-186], most were 
not tested in commercial chlorine cells. This section discusses selected compositions and 
techniques of particular interest. Section 4.6.7 addresses the coatings that have been used 
in commercial operations. 


4.6.4.1. Raney Nickel. Raney nickel was first used as a catalyst for the hydrogenation of 
hydrocarbons, and Justi et al. [25] suggested it as an electrocatalyst for the HER in 1954. 
Several procedures are available for applying Raney nickel coatings on a given substrate. 
These include plasma spraying, sintering of metal powders, plating from molten salt, 
electroplating from aqueous solutions, and dispersion plating. Ni-Al and Ni-Zn alloys 
are obtained by the first three methods, whereas electroplating from aqueous solutions 
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TABLE 4.6.3 Catalytic Cathode Patent Literature 


Patent assignee 

Elements in the coating/ 
coating technique 

Patent # 

PPG Industries 

Hydroxy carboxylic or aromatic acid addition to 
the catholyte 

U.S. 3,854,581 (1976) 

Diamond Shamrock 

Co-Zr02/Flame spraying 

U.S. 3,992,278(1976) 

Diamond Shamrock 

Ni-Zn/Electroplating 

U.S, 4,104,133(1978) 

Olin Chemicals 

Noble metal addition to the catholyte 

Ger. Offen. 2,818,306 (1978) 

Tokuyama Soda 

Ni, S/Electroplating 

Ger. Offen. 2,811,472 (1978) 

PPG Industries 

W and Ni and/or Co/ Electroless plating 

U.S. 4,086,149 (1979) 

Osaka Soda 

Ni, Mn/ Electroplating, Thermal 

Japan 79,38,277 (1979) 

Showa Denko 

Ni, Al/ Electroplating 

Japan 79,71,184(1979) 

Showa Denko 

Ni, Co, P, Se/ Electroplating 

Japan 79,75,481 (1979) 

Showa Denko 

Fe/Oxide formation 

Japan 79,80,282 (1979) 

Tokuyama Soda 

Ni, Ru, Ir/Electroplating 

Japan 79,90,080 (1979) 

Chlorine Engineers 

Ni, Noble metals/EIectroplating, Flame spraying 

Japan 79,110,983(1979) 

Metallgesellschaft 

Fe, Co, Ni, Ag/Thermal spraying 

Ger. Offen. 2,829,901 (1980) 

PPG Industries 

Ni, P, Fe/EIectroplating 

U.S. 4,184,941 (1980) 

British Petroleum Co. 

Co, Fe, Ni, Mo, W, V/Thermal process 

Euro Pat. Appl. 9,406(1980) 

PPG Industries 

Ni, Mo/Rame spraying 

U.S. 4,248,679 (1981) 

Hooker Chemical 

Ni, Zn/Electroplating 

U.S. 4,314,893 (1982) 

Occidental Chemical 

Ni, Mo, Cd/Electroplating 

U.S. 4,354,715 (1982) 

Occidental Chemical 

Cd, Pt,Pd /Electroplating 

U.S. 4,377,454 (1983) 

Occidental Chemical 

Ni, Mo, Cd/Electroplating 

U.S. 4,414,064 (1983) 

Solvay & Cie 

Co, Fe, Ru, Ni/Thermal decomposition 

U.S. 4,394,231 (1983) 

Occidental Chemical 

Ni, Mo, Cd/Electroplating 

U.S. 4,421,626 (1983) 

Chlorine Engineers 

Ni, Pt/Electroplating, 

U.S. 4,465,580 (1984) 

Chlorine Engineers 

Ni, Ru02/Electroplating, 

Thermal decomposition 

U.S. 4,543,265 (1985) 

Solvay & Cie 

Ni, Co/Electroplating 

U.S. 4,555,317 (1985) 

Dow Chemical 

Ru, Ni/Thermal decomposition 

U.S. 4,572,770 (1986) 

ICI 

Ni with Pt group metals/EIectroplating 

U.S. 4,586,998 (1986) 

Asahi Kasei 

Ni, Co, Cr/Melt spraying 

U.S. 4,605,484 (1986) 

Oronzio de Nora 

Ni, Ru oxide/Electroplating 

U.S. 4,618,404 (1986) 

Oronzio de Nora 

Ni, Ru02/Electroplating 

U.S. 4,648,946 (1987) 

Oronzio de Nora 

Ni, Ru 02/Electroplating 

U.S. 4,668,370 (1987) 

Oronzio de Nora 

Ni, Ru02/Electroplating 

U.S. 4,724,052 (1988) 

Dow Chemical 

Ni, Ru oxide/Thermal decomposition 

U.S. 4,760,041 (1988) 

Johnson Matthey 

Pt, Ru with Au or Ag/Electroplating 

U.S. 4,784,730 (1988) 

DeNora Permelec 

Ceramic/Thermal deposition 

U.S. 4,975,161 (1990) 

Dow Chemical 

Pd with Pt, Ni/Electroplating 

U.S. 5,066,380 (1991) 

Dow Chemical 

Pd with Pt, Ni/Electroplating 

U.S. 5,104,062 (1992) 

Moltech 

Ceramic/Combination synthesis 

U.S. 5,316,718 (1994) 

Wilson Greatbatch 

Ag with V/Thermal decomposition 

U.S. 5,389,472(1995) 

ICI 

Ce with group VIII metals/Plasma spraying 

U.S. 5,492,732 (1996) 


forms Ni-Zn alloys. These deposits are treated with hot, concentrated caustic soda to 
leach aluminum or zinc, and the porous layer obtained is electrocatalytically active to 
the hydrogen electrode process, depending on the chemical composition of precursor 
alloy and other factors. However, the coating is generally mechanically weak, because 
the bonding of the porous layer to the substrate is weakened during the leaching process. 
Also, post-treatment of the waste solutions is a concern in this approach. 
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The Ni-Al type Raney nickel alloys have been examined extensively [24-32] for 
use in chlor-alkali cells. There are three intermediate compounds of nickel and aluminum 
(Fig. 4.6.9), as noted below. 


Ni a-phase, f.c.c 100% Ni 

NiaAl or'-phase, f.c.c 86.71% Ni 

NiAl jS'-phase, b.c.c 68.51% Ni 

Ni 2 Al 3 hexagonal 42.03% Ni 

A1 c.c.p. 100% A1 


f.c.c refers to a face-centered cubic structure, b.c.c to a body-centered cubic, and c.c.p 
to a cubic closest packed arrangement. 


Weight Percent Nickel 



Al 


Atomic Percent Nickel 


FIGURE 4.6.9. Phase diagram of the Al-Ni system [32]. (With permission from McGraw Hill.) 
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FIGURE 4.6.10. Polarization data for the HER on plasma sprayed Ni-Al composites with (a) varying Ni: A1 
ratio and (b) thickness in 15% NaOH + 17% NaCl solutions at 95°C [10]. (With permission from the Indian 
Academy of Sciences.) 


Aluminum is preferentially leached out from Ni 2 Al 3 and NisAl by hot caustic 
solutions. The mixture of these compounds, applied by the plasma spraying technique, 
was found to be active for the hydrogen electrode process, the best results being observed 
at Ni/Al = 65/35 [33,34]. 

Typical polarization data of Ni-Al composites is shown in Fig. 4.6.10. These elec¬ 
trodes exhibit a Tafel slope of 40-60 mV in the low current density region and 120 mV 
in the high current density region [10,46,50-52]. 

Raney nickel-based electrodes are prone to deactivate for several reasons, one of 
them being the formation of Qr-Ni(OH) 2 , which is catalytically active but thermody¬ 
namically unstable. The long-term performance of this Raney nickel electrode is found 
to be significantly improved by the in situ formation of ^-Ni(OH) 2 , which is thermo¬ 
dynamically stable, but is inactive electrochemically [41,53-55]. Korovin et al [56] 
suggested that while Ni( 0 H) 2 *«H 20 is unstable, its cross-linked structure, noted below, 
may prevent further oxidation and poisoning of the electrode surface. 


Hp HP 


OH OH OH 
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Another Raney Ni preparation that has been studied by many investigators is that 
formed from Ni-Zn alloys that ^e prepared either by plasma spraying Ni and Zn powders 
or by electrolytic methods. Electroplating of Ni-Zn alloys [57-65] results in the forma¬ 
tion of various alloys such as NiZn, NiZna, and NisZni, which are treated with NaOH 
to dissolve Zn as a soluble zincate ion, in order to develop a porous matrix with a large 
area and exhibiting low hydrogen overvoltage in chlor-alkali cells [66,67], 

The preparation and electrochemical characterization of plasma sprayed coatings 
of Raney nickel and nickel powders with additions of Cr, Co, Ti, W, Mo, and Fe is 
described in [37-52,74-77], and electrodeposited alloys of Ni-Zn and Co are discussed 
in [68-72]. 


4,6,42, Ni-Mo-Based Coatings, Ni-Mo-based coatings have been examined extens¬ 
ively. Inclusion of Mo in the nickel coatings to achieve catalysis was probably 
motivated by the use of molybdenized graphite to enhance the decomposition of 
sodium or potassium amalgams in the chlor-alkali industry [78]. Although Mo is not 



FIGURE 4.6.11. Polarization data for the HER on plasma sprayed Ni, Mo; plasma sprayed Ni: Mo composites 
at varying Ni: Mo ratios; and electrodeposited Ni-Mo in 15% NaOH + 17% NaCI solutions at 95°C [10]. (With 
permission from the Indian Academy of Sciences.) 


TABLE 4.6,4 Characteristics of the Ni-Mo-based Alloy 
Cathodes for Hydrogen Evolution in 6M KOH at 80^C [93] 



Tafel slope 


Overvoltage 
at 300 mA cm“^ 

Material 

at <50 mA cm ^ at >50 mA cm ^ 

Ni-Mo-Fe 

115 

165 

187 

Ni-Mo-Cu 

28 

180 

190 

Ni-Mo-Zn 

24 

116 

220 

Ni-Mo-W 

28 

150 

286 

Ni-Mo-Co 

26 

140 

270 

Ni-Mo-Cr 

32 

165 

350 

Steel 

135 

125 

540 
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FIGURE 4.6.12. Polarization data for the HER on plasma sprayed Ni: Si composites at varying Ni: Si ratios, 
Ni 2 Si and NiSi 2 on Ni substrates in 15% NaOH + 17% NaCl solutions at 95°C [10]. (With permission from 
the Indian Academy of Sciences.) 

electrocatalytically active for the HER, Ni-Mo alloys formed electrolytically or by 
plasma spraying show low overvoltages, as depicted in Fig. 4.6.11. It is interesting 
to note that bulk alloys of Ni-Mo do not exhibit low overvoltages [10]. Various minor 
additives, such as V, Ti, W, Cd, Re, Fe, Co, Cr, and Cu, when incorporated in the 
basic Ni-Mo composites, improved performance [73,79-92] (Table 4.6.4). The cata¬ 
lytic activity of the Ni-Mo alloy cathode varies greatly with the chemical composition 
and the method of preparation [87-92]. The 60Ni^0Mo (in at%) alloy showed high 
catalytic activity [91]. 

An interesting patented composition, studied in detail [93,94] from a funda¬ 
mental viewpoint, was the Ni-Mo-Cd coating formed electrolytically on nickel 
substrates, which exhibited a Tafel slope of about 40 mV in the current density range 
of 0.1-0.3 Acm“^. These coatings were found to be more active than Ni-Mo layers, 
the activity being attributed to the presence of Cd, which imparted a hydrogen absorb¬ 
ing ability or modulated the properties of the hydrogen phase on the surface [93-95]. 
Coatings based on Ni-Mo-Fe are described in [93-99]. 

4,6A3. OtherNi-BasedMaterials. The Ni-Sn (5.9-37 at% Sn) alloy formed by electro¬ 
plating from a bath containing NiCli, pyrophosphate, and SnCl 2 , showed low hydrogen 
overvoltage in 28% KOH at 20°C, with a Tafel slope of 52 mV [100]. On the other hand, 
an electrodeposited Ni-Mn alloy did not exhibit low overvoltages for the HER [101]. It 
is interesting to note that Ni-Si based coatings showed low overvoltages and low Tafel 
slopes (Fig. 4.6.12). The activity exhibited by these electrodes is a direct consequence 
of the high surface area generated by leaching of Si with NaOH [10]. 

The hydrogen overvoltages on Ni-Co-P, Ni-P, and Co-P prepared by electro¬ 
less plating were relatively low in KOH solutions—the Tafel slope being 120 mV. The 
hydrogen overvoltage increased with increase in the P content [102] of the coating. 

Other compositions studied include: high surface area cobalt coatings [103-113], 
amorphous alloys of Ni, Co, Si, and B [114,115], Ni -f AIPO 4 + LaP 04 compos¬ 
ites [116-123], PTFE bonded metal powders [125-128], nickel coatings modified with 
heteropolyacids [134,135], AB 5 -type cathodes (e.g., LaN^.yOo.s) [130,143-145], elec¬ 
trodeposited Fe, Ni, Mo layers co-formed with W or W/Mo [132-142], spinels of Ni, 
Co, Fe, Mn [159,160] and La, Zr, A1 [161], and C 03 O 4 [162]. 
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4,6AA, Oxides. Another class of compounds investigated as cathode materials are the 
oxides of noble metals. These oxides are thermodynamically prone to reduction [146]. 
However, the kinetics of reduction will dictate their stability when used as cathodes for 
the HER. Thus, Ru02 is stable during long-term electrolysis, when used as a cathode 
with no bulk reduction of the oxide, although Ru 02 can be reduced by hydrogen at high 
temperatures [145]. 

A number of noble metal coatings, including Ru02-Ti02, were examined in 
alkaline solutions [147,149-157]. The hydrogen overvoltage of these materials was low 
because of their large surface area, which is due to their composition and the method of 
preparation. For example, the physicochemical properties of Ir02 prepared by thermal 
oxidation of IrCls at temperatures lower than 350‘'C differed from those fired at higher 
temperatures [156], the optimal temperature for perfect oxidation of IrCb being ca.500°C 
[150]. 

The Tafel slope for the hydrogen electrode reaction on a thermally deposited Ru02 
cathode is 40-50 mV at low current densities and 120 mV at high current densities. 
Also, the cathodic reduction of CIO^ occured on the Ru02-coated cathode in chlorate 
solutions [155]. 

A composite porous layer of Ni plus Ru02, having a high catalytic activity for the 
hydrogen evolution reaction, was obtained by dispersion electroplating from a Watts-type 
bath containing Ru02 powder [154]. A coating of thermally formed Ru02 on a nickel 
substrate, modified by a top layer of electroless nickel [158], operated at 250 mV less 
than a smooth nickel electrode (Fig. 4.6.13) for more than 2.5 years and was relatively 
insensitive to the presence of iron. 



tTGURE 4.6.13. Polarization data for the HER in 35 wt% NaOH at 85®C on (1) electroless Ni coating; 
(2) thermally formed RUO 2 ; and (3) RUO 2 with electroless Ni coating [158]. (With permission from Elsevier.) 




CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


259 



Current Density (mA/cm2) 

FIGURE 4,6.14. Polarization data for the HER in IM NaOH at 25°C on NiSjc electrode [174]. 

4.6A.5, Sulfides, Sulfur-activated cathodes were first developed in the late 1970s for 
water electrolysis [163-166], and later extended for use in chlor-alkali cells [167-186]. 
While FcSx, CoS;i:> NiCoS;c have been examined, NiS;c is the compound most 
extensively studied. 

NiSjt can be formed in a variety of ways which include: ( 1 ) electrodeposition 
[108,165] from the Watts bath containing sulfur compounds such as thiourea or thiocy¬ 
anates, (2) electroless plating [169,170] in the presence of dithionite, (3) dispersion 
plating [171] from the Watts bath with NiS^ powders, and (4) sulfidation of NiO [172]. 
The sulfur content in the deposit increases with increasing concentration of thiourea in the 
plating solution [173]. The hydrogen overvoltage decreases as sulfur content increases, 
the optimum being 12% [174]. 

The steady-state polarization curves of the NiSx cathode in alkaline solutions show 
two Tafel regions with different slopes, which vary with the method of preparation and 
the sulfur content. Figure 4.6.14 illustrates the polarization characteristics of the NiSj^ 
cathode [174]. The overvoltage of a fresh cathode was significantly high, with a Tafel 
slope of about 120 mV. The overvoltage decreased gradually during electrolysis, and 
stabilized after about 200 hr [175]. The Tafel slope decreased to 60 mV at low current 
densities, while it was still high at high current densities. 

The NiSx cathodes were irreversibly deactivated in the presence of S^”, Cu^^, and 
Fe^*^ [180,181] as the adsorption of H intermediates on the cathode surface was retarded 
by these impurities [18,173]. 

The NiSx electrodeposited layer was modified by the addition of other elements to 
mitigate degradation and deactivation. Addition of molybdenum imparted resistance to 
the impurities, especially Fe, primarily because of the large surface area [183]. Other 
sulfur-based compositions studied are activated NiS [173] and Teflon-bonded Ni C 02 S 4 
[185,186]. 


4,6.4,6, In Situ Activation. The various cathode coatings examined for application in 
industrial chlor-alkali cells, and discussed above, have to be applied on to a nickel 
or steel cathode substrate by electroplating or thermal procedures. This step involves 
significant cost, depending on the technique employed for laying the active coating. 
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and can be avoided if an electrocatalytically active material can be deposited, in situ, 
by adding the precursor to the catholyte in the membrane cells or to the anolyte in the 
diaphragm cells, which will be reduced to the metallic state under cathodic polarization 
conditions. Of the various additives examined, chloroplatinic acid is promising based on 
a cost-benefit analysis. Doping of the catholyte with a few ppm of H 2 PtCl 6 will yield a 
voltage savings of 100-150 mV, which can last over 2-3 months depending on the nature 
and amount of impurities present in the catholyte stream, especially iron. 

The kinetic data and the overvoltages of various alloys and composites [10] are 
presented in Table 4.6.5. 


TABLE 4.6.5 Comparison of Hydrogen Overvoltage on Metals/Coatings in 
15% NaOH + 17% NaCl at 95°C at a Current Density of 200 mA 


Material 

Tafel 

slope^(mV) 

Overvoltage 

(mV) 

Material 

Tafel 

slope® (mV) 

Overvoltage 

(mV) 

Ru 

45 

300 

NiB 

140 

00 

Rh 

170 

381 

NisB 

130 

337* 

Pt 

170 

400 

Ni2B 

135 

U) 

OO 

to- 

It 

no 

540 

NiBi 

150 

393* 

Fe 

150 

440 

Ni:ZrO2(80:20) 

130 

250* 

Co 

40 

465 

Ni:Al (80:20) 

63 

140* 

Ni 

100 

518 

Ni:Al(90:10) 

162 

243* 

WC 

160 

481 

Ni: A1 (2mils) 

100 

187* 

w 

200 

531 

Ni: A1 (5mils) 

86 

156* 

Ti 

240 

531 

Ni: A1 (lOmils) 

53 

106* 

Vitreous C 

700 

1087 

Ni:Al (20mils) 

53 

75* 

Steel 

121 

375 

NiSi2 

80 

73* 

Ni-plated 

85 

440 

Ni:Si (70:30) 

86 

118* 

steel 



Ni:Si (80:20) 

100 

156* 

Pt implanted 

150 

481 

Ni:Si (90:10) 

100 

169* 

steel 



Ni2Si 

200 

300* 

Ni:Ir(75:25) 

60 

310 

Ni:Re (15:85) 

25 

100* 

Ni: Ir (25:75) 

140 

329 

Ni: Re (50:50) 

25 

108* 

Ni:W(75:25) 

no 

400 

Ni:Re (84:16) 

166 

325* 

Ni: Ru (75:25) 

80 

416 

Re 

350 

383 

Ni:Co (90:10) 

75 

283 

Ni:Mo 

30 

100 

Ni:Co (33:67) 

60 

371 

Electroplated 



Ni: Co (10:90) 

50 

487 

Ni:Mo(80:20) 

115 

200^ 

Ni: Sn (35:65): 

130 

691 

Ni:Mo(90:10) 

115 

216^ 

Electroplated 



Mo 

140 

508^ 

NiTi2 

100 

100 

Ni: AI (Raney) 

60 

59* 

NiTi 

90 

150 

Ni: Mo: Cd Electroplated 

30 

100 

NiSi2 

170 

94 

NiS 

no 

242 

Ni: SiC 

100 

200^ 

Sintered Ni 

180 

275 

NriSb 

120 

237^ 

Thermally 

83 

133 

NiS 

105 

253^ 

formed Pt 



Ni2P 

100 

240 

Teflon bonded 

30 

41 




Pt 




Note’. 

"Obtained from the high current density region. 

^Coatings were formed by plasma spraying on Ni substrates. 
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4.6.5. HER Mechanisms on Low Overvoltage Cathodes 

The reaction pathways involved in the course of the HER on smooth metals are described 
in Section 4.2. The generally accepted mechanism of the HER in alkaline solutions 
involves water molecules as a source of protons, which discharge on the cathode surface, 
M, to form an M-H bond, as in Eq. (2) (Table 4.6.1). The adsorbed H can either combine 
with another H to form H 2 (Eq. 3) or react with a water molecule to form H 2 (Eq. 4). 


H 2 O + M -h e ^ MH + OH“ 

(2) 

2MH ^ H 2 + 2M 

(3) 

MH -h H 2 O + e ^ H 2 + M -h OH“ 

(4) 


Whenever adsorbed intermediates are involved in the slow step of the HER, the Tafel 
slopes assume low values, as shown theoretically and depicted in Table 4.6.1. However, 
mechanisms that give rise to low Tafel slopes, because of the dependence of coverage 
by the adsorbed intermediates on the potential, may have a disadvantage on metals, as 
hydrogen embrittlement [5] can occur because of the diffusion of adsorbed H into the 
metal. Thus, while the low Tafel slopes are advantageous from a voltage viewpoint, they 
can have a serious adverse influence on long-term performance. 

A comparison of polarization data on high surface area preparations, with the same 
metal in the bulk form, shows that as the surface area increases, the Tafel slope decreases 
[10,187]. Thus, the Tafel slope on smooth Ni in alkaline solutions decreases from about 
100 mV to 30-40 mV with Raney Ni and various other compositions (Fig. 4.6.15). This 
behavior is not unique to Ni, but is also observed on Pt during the course of the HER in 
alkaline solutions (Fig. 4.6.16). 

As the HER occured on high-surface area matrices, the effect of the porous structure 
on the Tafel slope behavior was examined [188] by assuming a homogeneous elementary 
flooded pore model and deducing the current-voltage relationships, taking into account 
the backward rate and the coverage dependence on potential. This analysis showed that 



FIGURE 4.6.15. Polarization data for the HER on various Ni-based compositions in 15% NaOH -I-17% NaCl 
solutions at 95®C [10]. (With permission from the Indian Academy of Sciences.) 
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FIGURE 4.6.16. Polarization data for the HER on srnooth and high surface area Pt in 15% NaOH + 17% NaCl 
solutions at 95°C [10]. (With permission from the Indian Academy of Sciences.) 


when the rate-determining step is discharge or electrochemical desorption, the Tafel 
slopes change from 2RTfF and 2RT /3F, respectively to 4/?7/F at high overvoltages. 
However, when recombination is the slow step, the Tafel slope changes from RTI2F 
to a non-Tafel characteristic where I <x Thus, it is not the porous nature of the 
surface structure that is responsible for the low Tafel slopes observed with high surface 
composites. 

Another explanation [95], based on an analysis of the decay in potential after the 
interruption of current, involves the possible formation of a three-dimensional hydride 
lattice (on high area nickel surfaces formed by leaching of plasma sprayed Ni-Al 
coatings, and electrodeposited Ni-Mo-Cd coatings), on which the HER proceeds, as 
described below. 


xNi -h H 2 O + (5) 

Ni^H + H 2 O + e ^ (Ni;,H)Hads + OH" (6) 

(Ni;cH)Hads + H 2 O + e ^ N^H + OH" + H 2 (7) 

While the two quasi-equilibria, Eqs. (5 and 6), preceding the slow-step will indeed give 
low Tafel slopes, it is difficult to comprehend hydride formation only on high surface 
area matrices and not on smooth electrodes. Furthermore, as noted earlier, this behavior 
is not unique to nickel, as similar behavior was observed on Pt electrodes (Fig. 6.4.16). 

Since high-surface electrodes have “active sites” with varying energetics, it is 
conceivable that the activation energy is altered, resulting in mechanistic changes. How¬ 
ever, the role of the surface area in inducing mechanistic variations is yet to be clearly 
understood. Any proposed model should involve a “surface-area related factor” in the 
exponential term Pt}F/RT. 
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In the Ru02-based electrodes, the mechanism of the hydrogen evolution leading to 
low Tafel slopes of 40-50 mV is believed [13,189] to be as follows: 

—l!l-OH + H+ + e —► — M-OH 2 


— M-OH2+e -► —M-H + OH- 

I I 


—M-H + HoO —> —M-OH+H 2 

I I 

This mechanism allows the oxide state to remain unchanged. 


4. 6.6. Cathode Deactivation 

Cathode potentials can increase for many different reasons. These include blockage by 
H 2 gas bubbles [176-178], organic impurities [179], and inorganic impurities such as 
silicate in diaphragm cells [180], deposition of high overvoltage metals [e.g., Hg, Cd] 
on the cathode substrate [181-186,190], and corrosion of the catalytic coatings during 
(1) shutdowns (because of reverse currents flowing under those conditions), (2) attack 
by hypochlorite, and (3) formation of hydride, followed by spalling of the coatings or 
the substrate. 

Studies have shown that Cr, Ni, Hg, Fe, and organic compounds containing N or S 
adversely affect the cathode potential [ 186,190] of steel. Iron was found to be particularly 
harmful to the performance of activated cathodes (Fig. 4.6.17). Pt-Ru coated cathodes 
[191] are affected at Fe levels as low as 3 ppm Fe in the solution. However, with smooth 
Ni or Ti cathodes, Fe was found to lower the cathode potential [181,182], as the deposits 
formed on the cathode had a large surface area. 

Another reason for cathode deactivation is the progressive leaching of one of the 
components of the cathode coating. Thus, an NiSjc cathode is gradually deactivated 
[181-183] by the dissolution of S in alkaline solutions. Similar behavior may be 
anticipated when one of the components in the coating is thermodynamically unstable 
in a NaOH solution (e.g.. Mo in Ni-Mo-based coatings). Hence, it is important that 
the inherent thermodynamic stability of the various components in the coating and the 
substrate be initially assessed to a first approximation from the Pourbaix diagrams. This 
analysis can provide insights into probable mechanisms for increase in overvoltage. 

The cathode coating and substrate should also be resistant to hypochlorite and the 
reverse currents encountered during shutdowns. Whenever the current is interrupted, 
a reverse current flows through the cell because of the presence of the active chlorine 
species in the anolyte. As a result, the cathode becomes anodic for a brief period until 
all the active chlorine species are reduced to chloride. Also, following a shutdown, the 
hypochlorite in the anolyte is transported into the catholyte, raising its hypochlorite level 
to 5-30 ppm in membrane cells, and 300-5,000 ppm in diaphragm cells. Reduction of 
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FIGURE 4.6.17. Variation of the cathode potential with time during the course of the HER from 33% NaOH 
at 90®C and 3 kA m“^ in the presence of 10 ppm Fe. The dashed line represents the reversible potential [188]. 
(Reproduced by permission of The Electrochemical Society, Inc.) 

hypochlorite leads to the oxidation of the metal, as described by the equations, 

OCl“ + H 2 O -h 2e CP + 20H“ (cathodic reaction) (8) 

M + 2e (anodic reaction) (9) 

Thus, the primary reason for the deactivation of cathode coatings is the presence of 
impurities and OCP in the catholyte. Highly porous coatings with a large surface area 
can minimize the effects of poisoning by the impurities because the electrode offers a 
significant area for the HER even after a fraction of the surface becomes unavailable. 
Porosity can thus serve as a sponge for the impurities, depending on the morphology of 
the active layer. It should be noted that there is no catalytic cathode coating immune to the 
impurity effects, since the impurities will either deposit or physically block the surface. If 
the hydrogen overvoltage is high on these deposited species, the overvoltage can increase 
and negate the intended effects. If the cathode coatings are oxides or sulfides, it is possible 
that the impurities may not deposit on these ‘‘nonmetallic” surfaces [182-186]. 
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The adverse effects from the dissolved chlorine in the anolyte can be eliminated 
either by destroying hypochlorite when the current is interrupted or by cathodically 
protecting the cathode during shutdowns. Hypochlorite removal can be achieved by 
flushing the anolyte or by reacting it with a sulfite or H 2 O 2 . If the cathode material is 
unstable in the pH region of 3-7, the pH must simultaneously be brought into the alkaline 
region. This step must be implemented as quickly as possible. 


4.6.7. Current Status 

A number of active cathode materials have been investigated and developed within 
the past 30 years, following the energy crisis and the skyrocketing electricity prices 
of the mid-1970s. Among them, nickel and nickel-plated steel cathodes coated with 
electrocatalytically active and porous layers have been commercialized in the chlor- 
alkali industry. Table 4.6.3 describes the various compositions developed for chlor-alkali 
applications, and Table 4.6.5 gives kinetic parameters of some of the coatings. Activated 
cathodes developed by various technology suppliers are described below. 

Tosoh Co. developed a Ni-Fe alloy cathode containing 20-85 at% Fe in the alloy. 
This coating, formed by electroplating [190], showed a hydrogen overvoltage of about 
120 mV at 4kAm"^ in 32.5% NaOH at 90°C. It was claimed to offer resistance to 
current interruptions, based on the constancy of the voltage of a bipolar electrolyzer 
(BiTAC) at 3.23-3.25 V over 250 days with 4 shutdowns. 

Asahi Kasei’s electrolyzers use NiO cathodes that are resistant to impurities and 
current interruptions [191]. They are prepared by plasma spraying a mixture of NiO and 
Cr 203 or a Ti02 promoter onto nickel-plated steel. The loading of the catalyst mixture 
is 0.10-0.15 g cm“^. This cathode has been used for more than 15 years in commercial 
operations. 

INEOS chlor offers both precious metal and nickel alloy coatings [192]. The pre¬ 
cious metal coatings are deposited on a nickel substrate, and the electrocatalytically 
active layers are applied to the surface by thermal deposition or electroplating. Thermal 
spraying or vacuum deposition techniques form the nickel-alloy coating. These materials 
have been used in the FM 21 electrolyzers for over four membrane cycles. 

Dow uses a porous cathode coating activated with RUO 2 on a woven nickel wire 
screen [193]. The active layer is prepared by painting a mixture of ruthenium chloride 
and palladium chloride, followed by heating at 300-500°C, in order to deposit the oxides. 
A thin layer of electroless nickel strengthens the cathode coating structure. This elec¬ 
trode is resistant to iron as the hydrogen overvoltage increases only by 10 mV during 
electrolysis with solutions contaminated with Fe. 

Tokuyama Soda Company developed NiS;^ and Ni-Sn alloy coated cathodes 
[194-197]. The hydrogen overvoltage of the electroplated Ni-Sn alloy cathode, with 
a nickel content of 40-80 wt%, in a mixed solution of NaOH and NaCl at 90°C, was 
about 100 mV. The Ni-Sn cathodes were used in retrofit-type membrane cells and filter 
press-type electrolyzers, both operating at 4kAm"^ and 80°C. The cell voltages were 
constant for over 8 years. 

Toagosei Chemical Company and Chlorine Engineers Corporation jointly 
developed Ni-C dispersion electroplated cathodes, named TWAC, in the 1980s 
[198-200]. The Ni-C composite layer is applied to the nickel plated type 304 stain¬ 
less steel substrate by dispersion electroplating. The Watts-type plating bath contains 
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a small amount of CUSO 4 , as well as carbon powder, to improve the electrocatalytic 
activity for the HER, The coated layer is then overlaid with electrodeposited Ni-S to 
improve the mechanical strength. The two-step electroplating process is repeated three 
times to obtain a large surface area. Antimony trioxide is added to modify the TWAC 
coating. The hydrogen overvoltage of TWAC, in alkaline solutions under chlor-alkali 
operating conditions, is about the same as that of a rhodium-coated cathode. TWAC is 
also resistant to solution impurities and shutdowns. 

Asahi Glass Company prepared a modified Raney nickel-coated cathode for their 
AZEC chlor-alkali electrolyzers [201-206]. While the Raney Ni catalyst is active to 
the hydrogen electrode process, it is also sensitive to solution impurities and oxidation, 
caused by short-circuiting, AGC applied the Ni-based composite layer on the cathode 
substrate by dispersion electroplating. The plating bath contains the Raney Ni powder and 
hydrogen-storing alloy powder, which are codeposited with the Ni matrix. The coated 
layer is resistant to erosion due to the rapid flow of gas-solution mixture. The third 
constituent absorbs and stores a large amount of hydrogen during cell operation, and 
discharges during shutdowns when the cell is virtually short-circuited. Hydrogen is elec- 
trochemically oxidized at low potentials and hence, the Raney nickel and the Ni matrix 
are prevented from oxidation. The hydrogen overvoltage of this material remains constant 
at ca.lOO mV, for several days online even when the electrolyzer is shut down. 

ELTECH Systems Corporation supplies a Voltage Reduction Solution (VRS) [207], 
which is essentially a solution of chloroplatinic acid. When added to the catholyte, it 
is electrodeposited in a high surface form and reduces cathodic overvoltage. This in 
situ activation is claimed to be very economical and convenient as long as the residual 
platinum species in the catholyte caustic has no adverse effect on the end use of the 
caustic soda. 
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4.7. DIAPHRAGMS 


4.7.1. Introduction 

In the early days, as discussed in Chapter 3, sodium chloride solution was electrolyzed 
in an undivided cell to produce chlorine and caustic soda. The bell jar cell, illustrated 
in Fig. 4.7.1, was provided with an anode in the bell-type compartment, and a number 



FIGURE 4.7.1. Bell Jar cell. 
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of cathode blades were positioned around the outside of the bell jar. Chlorine evolved 
at the anode, left the top of the jar, and the caustic solution overflowed from the cell. 
In this arrangement, the chlorine did not mix with the catholyte, since the brine fed to 
the cathode flowed to the cell top, thereby restricting the diffusion of caustic toward the 
anode side. This is why this cell is classified as a “moving electrolyte-type” [1]. A small 
amount of chlorine, dissolved in the anolyte, flowed to the cathode side and reacted 
with the caustic solution to form hypochlorite, resulting in current inefficiency. Another 
problem of this cell was the large gap between the anode and the cathode, which resulted 
in a high cell voltage, especially at high current densities. 

The performance of this “chlor-alkali” cell was substantially improved by introdu¬ 
cing a porous separator between the two electrodes to prevent the mixing of the products 
generated at the cathode and the anode. The separator material was an asbestos mat, in 
the form of a paper or vacuum-deposited felt [1-5]. Pores in the separator allow passage 
of electricity and electrolyte between the anode and the cathode compartments. The 
properties of the diaphragm determine the cell efficiency, the range of caustic strengths 
obtainable from the cell, and to a large extent, the cell voltage. Since the introduction of 
metal anodes, it has also been the life-limiting component of the diaphragm cell. 

Chrysotile asbestos was determined in the late 1880s to be a material from which 
satisfactory diaphragms could be produced. Since that time asbestos has been the basic 
diaphragm material. Earlier electrolytic cells used asbestos paper, which was hand- 
fitted to simple cathode shapes. Later, Hooker Chemicals developed the technique of 
making diaphragms on intricate surfaces by vacuum depositing the asbestos from a bath 
containing asbestos fibers and the cell liquor. Standard asbestos diaphragms, now in use 
in most cells, may account for 0.1-0,3 V of the cell voltage when new, and probably 
twice as much before their replacement because of swelling and plugging. 

Since 1972, modified diaphragms with plastic reinforcement have been used to 
enhance the performance of cells. The improvement consists of adding a corrosion- 
resistant fluorocarbon polymer to the asbestos slurry to give a diaphragm containing 
particles and fibers of both asbestos and polymer. The cathode is then heated, first 
evaporating the water and finally softening or melting the polymer, thereby cement¬ 
ing the asbestos fibers into a tough leather-like diaphragm material. The asbestos still 
determines the performance of the diaphragm. The addition of polymer reduces swelling, 
improves mechanical strength, allows the formation of thinner diaphragms, and reduces 
the dissolution and erosion of the asbestos. This technology has been refined through 
extensive development programs, resulting in better control of the diaphragm character¬ 
istics, greater uniformity, and lower voltages. This development also made possible the 
reduction of the anode-cathode gap, further reducing energy consumption. 


4.7.2. Asbestos Diaphragms 

4.7.2.1. Physical and Chemical Properties. Asbestos is a generic term for a variety 
of hydrated silicate minerals (see Table 4.7.1), which are characterized by their fibrous 
structure [6-8]. Although there are six different asbestos minerals and several have found 
use in cell separators, chrysotile predominates as a chlorine cell diaphragm material. 
Chrysotile fibers consist of bundles of parallel fibrils. These fibrils are hollow needles 
with an outer diameter of about 30 nm and an inner diameter of 4 nm, and consist of 
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TABLE 4.7.1 Types of Asbestos 


Variety 

Chemical composition 

Amphibole class 
Amosite 

(FeMg)7Si8022(0H)2 

Crocidolite-“Blue” 

Na2(Fe(II)Mg)3Fe(III)Si8022(0H)2 

Anthophyllite 

(MgFe)7Si8022(0H)2 

Tremolite 

Ca2 Mg5 Si8 O 22 (0H)2 

Actinolite 

Ca2 (FeMg)5 Sis ^22 (OH) 2 

Serpentine class 
Chrysotile 

Mg3Si205(0H)4 

(or 3MgO 2Si02 2 H 2 O) 


alternate layers of Mg(OH )2 and Si02. The number of fibrils in a fiber varies widely, and 
the fibers exhibit considerable variance in diameter and length. In preparing commercial 
diaphragms, the fibers are slurried in a suitable liquid medium and sucked by vacuum 
onto the outer surface of the foraminous cathode. The cathode is then heated to drive off 
the water, leaving the diaphragm as a fibrous mat. It is the void space between the fibers 
that provides the electrolyte path, and not the tiny pores in the center of the fibrils. It 
should be apparent that these voids exhibit no geometric regularity and their mathematical 
description is a formidable task. The reader is referred to references [9-19], which are 
devoted to the fundamentals. 

Chrysotile asbestos is not chemically stable in chlorine cells. Mg(OH )2 is soluble 
in acid solutions and stable in basic solutions; the reverse is true for SiOi. When a cell is 
energized, a chrysotile diaphragm will become Si 02 enriched on its acidic, anolyte face. 
The flow through the diaphragm will flush Mg^+ ions from the anolyte site toward the 
catholyte, where they precipitate as Mg(OH) 2 . This precipitate will constrict the flow 
channels and decrease the flow rate and efficiency. As a result, the caustic strength and 
the voltage drop across the diaphragm increases. The diaphragm is then characterized 
as “tightened.” After a period in service, the diaphragm reaches a state of equilibrium 
with its surroundings and its characteristics are stabilized. However, any drastic change 
in operating conditions will cause the dissolution-precipitation process to start again. 

4.7.2.2. Sources. The world asbestos production for 1999 is given in Table 4.7.2. Russia 
leads with 36.8% and Canada is second with 18.6% of the world’s output. Both countries 
mine only chrysotile asbestos, and most of the fiber comes from the Urals and Quebec. 
The third leading asbestos producer is China followed by Brazil. These four countries 
furnished 79.6% of the world’s chrysotile asbestos in 1999. 

The Vermont Asbestos Group (VAG) formerly supplied most of the asbestos to the 
chlor-alkali industry in the United States and many other parts of the world. The VAG 
mine closed in the mid-1980s. Asbestos from the following suppliers is now used in 
many plants throughout the world. 

1. JM Asbestos Inc., Asbestos, Quebec; Grades: Chlor-5; 4D-12. 

2, Lab Chrysotile, Inc., Thetford Mines, Quebec; Grades: Chryso-Cell 1; Chryso- 
Cell 2. 
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TABLE 4.7.2 World Production of Chrysotile 
Asbestos in 1999 


Country 

Production % Total production 

(metric tons) 

Russia 

683,000 

36.8 

Canada 

345,000 

18.6 

China 

250,000 

13.5 

Brazil 

200,000 

10.7 

Zimbabwe 

137,000 

7.4 

Kazakstan 

105,000 

5.7 

Greece 

50,000 

3.7 

India 

25,000 

1.3 

Swaziland 

20,000 

1.1 

South Africa 

18,000 

1 

Colombia 

8,000 

0.4 

United States 

7,000 

0.4 

Others 

10,000 

0.5 

Total 

1,858,000 



3, Zambezi Resources, Zimbabwe; Grades: ZIB; Z-2. 

Chapter 16 addresses the medical and regulatory aspects of asbestos. 


4J.3, Transport Characteristics of Diaphragms 

The principles involved in the brine flow across a vacuum-deposited asbestos diaphragm 
in a chlor-alkali cell are similar to those for filtration operations. When the flow is laminar 
(the typical brine velocity in diaphragm cells is ~10“^ cm s“^), and the porous mat does 
not deform during operation, the Hagen-Poiseulle flow theory applies and the pressure 
drop across the separator is: 


32/xLv 128/iLV 

ip-fc =—=<■» 

where p refers to viscosity, L to the thickness of the porous mat, and d to the pore 
diameter. 

According to Eq. (1) the pressure drop. A/?, across the diaphragm is proportional 
to the average flow velocity, v, or the volumetric rate, V. 

The Fanning Equation 

Af-S.=4/(§)(^)^ (2) 

applies to a liquid passing through a porous medium over a wide range of flow rates, 
including turbulent flow. In Eq. (2), gc is the gravity conversion factor and p refers to 
density. The term / in Eq. (2), is the Fanning friction factor [20,21]. Eq. (2) is also called 
the Darcy equation when /' is substituted for 4/. 
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From Eqs. (1) and (2), we have, in laminar flow, 

/ = 16//?^ (3) 

where Re, the Reynolds number, is defined as: 

Re ^dvpIIX (4) 

It is useful to describe a parameter, m, called the hydraulic radius of the bed, which 
is defined by: 


Cross-sectional area of the conduit 

m =- 

Wetted penmeter 

Volume of the voids in the packed bed 
Total area of the porous bed 

_ ALe s 

^ ALS(\ -s) ^ S(l - 6) 

S in Eq, (6) refers to the total surface area per unit bed volume, and the liquid void 
fraction or porosity, s, is given by the ratio of the superficial velocity, v orV /A (where 
A is the sectional area in m^) to the effective flow velocity, i?e, in the pores as: 


(5) 


( 6 ) 


s — 


V 

Ve 


(7) 


Substituting m into Eqs. (1) and (2), and Vq into v, results in: 


mvep 


vp 

Sfx(l - s) 


and 


Ap • gc = 2/ 


/il-s)LSv^p 

V 


) 


According to Carman [22], 


2f = kxlRe 


( 8 ) 


(9) 


( 10 ) 


in the range of Re < 2, where k\ is a coefficient. Substituting Eq. (10) into Eq. (9), 
leads to: 




pivL 


P 


( 11 ) 
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where P, the permeability of the porous bed (in m^), is given by: 

A:iS^(l — s)^ 

ki being in the range generally between 5-5.5. 

From Eqs. (6) and (12), it can be shown that: 

k\ 

~p ~T 


( 12 ) 


(13) 


MacMullin and coworkers [23] measured the electric resistance of a porous 
bed filled with electrolytic solution under various conditions, and concluded that the 
“Bruggemann” equation given below 

R/R° = e-^^^ (14) 


gave consistently low values of R/R^, but it was good up to within about 4% for packed 
beds of glass spheres [24]. R refers to the electric resistance of the porous bed filled 
with an electrolytic solution and R^ is the resistance of the same volume without any 
nonconductive packing. Assuming, 


R/R^ = k2/6 (15) 

and substituting it into Eq. (12) results in MacMullin’s basic equation [23]: 

where, 

k = k\fk 2 and r = tortuosity 

Detailed studies by MacMullin et al. [23], showed that the value of / r for many 
porous beds is 3.666 ±0.098. Therefore, the model describing the porous beds is applic¬ 
able for the separators used in diaphragm-type chlor-alkali cells. The tortuosity of a 
porous asbestos diaphragm is about 1.5, and hence, k\ is about 5.5, 

There are several models [25-33] available for describing the tortuosity factor, and 
two of these are briefly addressed here. Spiegler [27] measured the interdiffusion of a 
mixed gas of oxygen and argon through a porous glass disc filled with a dilute KCl 
solution, and the electric resistance of the same medium, and found the formation factor, 
Ff, for gas diffusion to agree with that for electric conductance within 10% deviation. 
He proposed the “Spaghetti model” consisting of tij tubes in a unit volume, all with a 
length of X and radius, rj. The porosity, e, for this geometry is given by: 




( 17 ) 
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where x is the hydraulic length, which is larger than L. Expressing the ratio of the 
resistances and the formation factor by Eqs. (18) and (19): 


R/R° = X/J2^jr]7t 

(18) 

Nm = R/R° = X^le 

(19) 


where A^m is called the MacMullin number. 

It can be shown that x^ = A :2 from Eqs. (15) and (19). Also, from Eqs. (13-19), we 
have. 


P = 


s w} 

kT 


( 20 ) 


Since x/^ = t, the tortuosity factor is the ratio of the effective length of micropores to 
the thickness of the diaphragm mat. 

Matsuno calculated [28] the statistical mean length, /, of micropores having an 
inclination to the surface of the diaphragm as: 


- I sin 0 sin 0 In cos 0 d9 I 

2it cos 0 do ^ 


( 21 ) 


and showed that the true length / of the micropores is approximately three times the 
thickness of the diaphragm. Experimental results revealed that R/ was in the range 
of 2-3, and nearly independent of the nature of the diaphragm materials. Note that the 
resistance ratio R/R^ as shown in Eq. (17), hut not dependent on x* Matsuno’s 

model is based on the length of micropores, where Spiegler’s spaghetti model is based 
on the volume of the bundles of capillary tubes of radius Vj, and length, m. Thus, the 
definition of tortuosity varies depending on the model used for its description. While 
tortuosity is a valuable factor for characterizing porous media, the MacMullin number 
is preferred as a characteristic value for a diaphragm, as it can be obtained directly from 
the measured resistances. Ny[ describes the hydraulic mean length and the porosity for 
any geometry of the porous medium. 

Chirkov examined various models for the calculation of the electric resistance 
of porous electrodes for fuel cells and air cells [29,30], which are useful to describe 
the diaphragms. Experiments [31] on diffusion of gas across porous media consist¬ 
ing of nickel particles of different sizes (1-5 jxm and 50p.m) and shapes showed that 
the area for gas diffusion across the hydrophilic porous media depended only on the 
pressure drop. 

It is clear that from the above discussion that any simple modeling of the diaphragm 
is limited, because both the porosity (30-60% open) and the size of capillary tubes 
(1-100 [xm) vary widely, and the configuration of the porous bed is complex [32]. 
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The flow velocity, v, can be expressed as a function of the pressure drop, Ap, when 
the electrolyte flow through the diaphragm is assumed to be analogous to filtration, as: 

V - ^Ap gc (22) 

fiL 

If the filter medium is compressible, the permeability, P, depends on the pressure drop, 
Ap. Hence, 


log(^) =(l-s)log(Ap-5c) (23) 

where s is the compressibility factor, and is the flow velocity at P = 1 . 

Studies of the flow of sodium chloride solutions through deposited asbestos mats 
at constant pressure showed the slope of the log-log plots of u vs Ap to be about 0.8 
(Fig. 4.7.2), and hence, 5 ^^0.2 [34]. Thus, as the viscosity of the electrolyte increases, 
the flow velocity decreases with increasing NaOH concentration in the mixed solu¬ 
tion of NaOH and NaCl. The ratio P/L is almost constant over a wide range of the 
concentrations, as shown in Fig. 4.7.3. 

Although the model for porous beds is applicable to porous asbestos diaphragms 
under “static” conditions, complications arise during electrolysis. Asbestos fiber consists 
of ~40% Si 02 and ~40% MgO. This fiber dissolves readily in acid media, while it is 
resistant to caustic at low temperatures [34]. During electrolysis, the magnesium layer 
is believed to dissolve preferentially on the anolyte side and reprecipitate within the 
diaphragm. Thus, a used diaphragm consists of a silica-rich layer on the anolyte side of 
the diaphragm and a magnesium-rich layer on the catholyte side. 



FIGURE 4.7.2. Flow rate vs pressure drop curve of a 2-3 nim thick deposited asbestos bed at 20°C in NaCl 
solutions [34]. (With permission from Elsevier.) 
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NaCI, M 



0 1 2 3 4 5 6 

NaOH, M 


FIGURE 4.7.3. Flow rate, viscosity and P/L as a function of catholyte composition at 20®C for a diaphragm 
thickness of 2 mm and at a pressure drop of 4.5 cm Hg [34]. (With permission from Elsevier.) 

It is well known that the flow rate through the asbestos diaphragm is significantly 
reduced when the current is switched on. MacMullin [35] attributed this effect to elec- 
trokinetic phenoniena. However, experimental results [36] did not support this hypothesis 
since the brine strength is near its saturation limit. Hine and Yasuda [36] showed that 
the reduction in flow rate is caused by the penetration of hydrogen bubbles into the dia¬ 
phragm. When the asbestos separator is placed away from the cathode, the brine flow rate 
is unaffected when the current is switched on. Regular asbestos diaphragms swell and in 
extreme cases, touch the anodes, resulting in high cell voltages. This can be prevented 
by thermally setting the asbestos mat with small amounts of FIFE (polytetrafluoroethyl- 
ene) or Halar powder, without any adverse effects on the flow characteristics. Thus, the 
structure of the mat is unaffected by the heat treatment while the polymer contributes to 
set the fiber. Repeated current interruptions should not result in any chemical changes 
of the asbestos mat if these additives cover the asbestos fibers and impart chemical sta¬ 
bility. In such a case, these additives should minimize “diaphragm tightening,” normally 
observed with pure asbestos diaphragms. 

4.7.4, Mass Transfer through Diaphragms 

During electrolysis, hydroxyl ions are generated at the cathode and transported to the 
anode compartment by migration and diffusion, even while opposed by the anolyte flow 
through the diaphragm. Convection and migration, in general, depend on diaphragm 
properties, electrolysis, and flow conditions, which vary over the height of the diaphragm 
because the pressure difference increases linearly with the distance from the catholyte 
level (Fig. 4.7.4). Because the anolyte density and the catholyte density are nearly the 
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Distance From Cell Bottom 



FIGURE 4.7.4. Variation of the pressure difference over the height of the diaphragm [37]. (Reproduced with 
permission of the Society of Chemical Industry.) 


Distance From Cathode Bottom 



FIGURE 4.7.5. Variation of the pressure difference, volume flow, and caustic concentration across the 
diaphragm [37]. (Reproduced with permission of the Society of Chemical Industry.) 


same, the pressure differences in the lower section can be considered constant. Below the 
catholyte level, convection will be much greater than migration and diffusion, because 
of a relatively high liquid volume flow rate and a low caustic concentration. In the upper 
part of the diaphragm, conditions are favorable for migration and diffusion because of 
relatively low flow rates and high caustic concentrations (Fig, 4.7.5), resulting in low 
efficiencies compared to that in the lower section. Also, in the upper section, there is a 
higher degree of degradation of asbestos fibers because of high caustic concentrations, 
giving rise to sharper pH gradients through the diaphragm [37]. 

Furthermore, as mentioned earlier, the magnesium in the chrysotile asbestos dis¬ 
solves in the acidic anolyte during electrolysis. As a result, the diaphragm becomes 
enriched in Si02 on the anolyte face. The Mg^^ ions from the anolyte side, transported 
to the catholyte by convective flow, precipitate as Mg(OH)2 on the catholyte side of the 
diaphragm. At the same time, hydrogen bubbles penetrate the diaphragm in the anode 
direction, and increase the voltage drop. The diaphragm then becomes tighter during 
operation, and drastic changes in the operating conditions further tighten the diaphragm 
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as the dissolution-precipitation process is repeated. Thus, the asbestos mat changes dur¬ 
ing electrolysis from a single matrix to a “dual matrix” of asbestos on the anolyte side, 
and Mg(OH) 2 -impregnated asbestos on the catholyte side. 


4,7A.L Theoretical Modeling, Mass transfer through the separators used in diaphragm 
cells has been studied by many authors [38-57]. The general one-dimensional model 
(Fig. 4.7.6) that has been used extensively to describe the transport of hydroxyl ions 
across the diaphragm is presented here. This model assumes plug flow, uniform 
pore distribution within the diaphragm and no hydrogen bubble penetration into the 
diaphragm. 

Anolyte flows from the anode compartment through the diaphragm under a hydro¬ 
static head with a velocity of u. Hydroxyl ions generated in the cathode compartment 
move into the anolyte through the diaphragm by diffusion and migration. On the other 
hand, H“^ and dissolved CI 2 (i.e., CI 2 + HOCl) move into the cathode compartment, 
establishing a neutral zone at a distance 6 from the anolyte/diaphragm interface. Experi¬ 
mental studies have shown [58-60] that 8 is small, around 10“^ cm, and the neutral zone 
is located at jc = L, that is, at the anolyte/diaphragm interface. 

The hydroxyl ion flux, 7, expressed in kg molm“^ s“\ is composed of contri¬ 
butions from diffusion, 7d» migration, and convection, Jc^ as: 


7 = + /m “b 7c 


(24) 


7d in (24) is given by: 


7d = -D 


dx 


(25) 


+ Chlorine 



Hydrogen - 



x~L x=0 



FIGURE 4.7,6. Mass transfer through the separator in a diaphragm type chlor-alkali cell. 
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where D is the diffusion coefficient of the OH“ ions through the porous diaphragm 
having a porosity, e, and C is the concentration of the OH"" ions. D can be obtained 
from the diffusion coefficient of OH“ in the bulk, as: 





(26) 


The migration and convection terms [61] are given by: 

(27) 

(28) 


Jm — 


F d<^ 

- DC^ 

R^T dx 


Jc = —Cv 


where F is the Faraday constant, R* is the gas constant, T is temperature, and ^ is the 
potential gradient in V m“^ 

If uniform properties are assumed to prevail in the diaphragm, then 


d0 —I 
dx X 


(29) 


where i refers to current density and x to the conductivity of the medium in the diaphragm. 
Equation (27) can now be written as: 


/m 


F DC ^ 

~Ff~' 


(30) 


Substituting Eqs. (25), (28), and (30), into Eq. (24) results in: 


dC F DC, 

J = -D -—{- ——- 1 — vC 

djc R*T X 


(31) 


Eq. (31) represents the loss of hydroxyl ions caused by migration and diffusion of 
hydroxyl ions to the anolyte compartment and hence, the loss in caustic current efficiency, 
T]. Therefore, Eq. (31) can be alternatively expressed as: 


/ = 4(1 - 

F 


( 32 ) 


where i /F represents the amount of OH ions formed in the catholyte. 
Equation (31) can be recast as: 
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where 


u 


DFi 

RT^ 


— V 


Equation (33) can now be solved using the boundary conditions: 


C = CbatA: =0 
C = Co at jc = L 


(34) 


Thus, 


Hence, 


_wCb_ 

1 — exp(—wL/D) 


C 1 — exp(— m(L — x)/D) 
Cb 1 — exp(— mL/D) 


(35) 


(36) 


Since 


J— theoretical amount of caustic formed —the actual amount of caustic collected 

(37) 

/ = 4 - Cb-v (38) 

F 


It follows that 


_ CbV 1 

I/F~ \ + 7/CbV 

Therefore, the caustic current efficiency, is, given by: 


(39) 


' 1 + (m/i;)( 1/[1 - exp(-ML/D)]) 

u in Eq. (40) represents the difference between the migration term and the convective 
term, describing the difference in the migration velocity and the percolation velocity. 
Hence, with thick separators, m > 0 because the convective flow is very small, and the 
C vs jc curve is convex. When m < 0, the C vs jc curve is concave, as shown in Figs. 4.7.7 
and 4.7.8, which is the pattern observed in industrial cells. 

The model described above was first proposed by Mukaibo [38] and was found to 
agree well with experimental data by Hine et aL [58-60]. It is important to emphas¬ 
ize that the values of D, C, and x in the transport equations shown above are not the 
bulk properties, but those prevailing in the diaphragm, which are generally obtained 
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FIGURE 4.7.7. OH ion concentration profile in the diaphragm showing the functional dependence of Cqh 
on mL/Dqh using Eq. (36). 


from the bulk values by employing Eq. (26). There are several factors that should, in 
principle, be incorporated in a proper formulation. These include replacing the concen¬ 
tration with activity, coupling the concentrations of various species participating during 
the transport across the diaphragm, and considering nonuniformities in the composition 
and physicochemical properties of the diaphragm. Nevertheless, the corrections to the 
equations deduced above do not alter the basic predictions and conclusions of Mukaibo’s 
description of the transport across the diaphragms. 

Eq. (40) can be recast as: 


1 exp(—wL/Z)) 
m/u -{-1 — exp(— mL/£>) 


( 41 ) 


n 


DFi 

RTxv 


- + 1 


V 


Defining 
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FIGURE 4.7.8. Theoretical profiles of hydroxyl concentration across the diaphragm using Eq. (40). 


which represents the ratio of migration to convection, and 


vL 



depicting the ratio of convection to diffusion, Eq. (41) can now be rewritten as: 


1 -exp(y2 - nn) 
yi -exp(}/2 - nn) 


(42) 


This result is the same as that obtained by various authors if the y\ and y 2 are properly 
identified as shown below. 

1. Mukaibo et al. [38], Stender et al. [39] 


n 


FDi 

RTxv' 



2. Chandran et al. [49] 


n 


FDIq UeLe 

-; 1/9 = - 

RTxVc D 




286 


CHAPTER 4 


where 


4 = 




Z/g — hi j X , 


r = tortuosity and e = porosity. 
3. Van Zee et al. [51] 


FD^i 


Y2 = 


vL 


where 


De- 


D . 




= MacMullin number. 

Van Zee et al. [50-57] extended the model described in this section representing 
the various parameters involved in terms of dimensionless groups. This treatment is 
presented in Appendix 4.7.1. 

In Eqs. (25) to (40), the diffusion term is related to the bulk diffusion coefficient, 
D®, and the formation factor, Ff, shown by Eq. (20). On the other hand, the migration 
term is governed by the solution composition and the operating conditions, such as 
temperature and the potential gradient. Since 7m in Eq. (27) contains D,, it is a function 
of the physical properties of the diaphragm. However, D, (d0/djc) is constant even if the 
porosity of the diaphragm mat varies over a wide range, because the potential gradient 
increases with decreasing porosity and diffusivity. Consequently, the migration term is 
almost independent of the configuration of the diaphragm. The hydraulic flux, 7c, is a 
function of the flow velocity, u, or the pressure drop, JS.pgc, across the diaphragm as 
shown in Eqs. (22) and (23). The relationship between v and Apgc is related to the 
hydraulic characteristics and the configuration of the diaphragm, as shown by Eqs. (12) 
and (13), and to the solution viscosity and the density as revealed by Eqs. (11) and (22). 


4.7.4.2. Highlights of the Theoretical Modeling Studies 

4.7.4.2A. Dependence of Caustic Efficiency on Caustic Strength and Flow Velocity, 
The caustic strength plays an important role in determining the current efficiency for a 
given diaphragm thickness. For an efficient diaphragm, u should be greater than zero 
throughout the thickness of the diaphragm, and hence, the minimum percolation velocity 
to achieve high efficiency should satisfy the condition: 

u-v- (juonFi/ex) > 0 (43) 

The percolation velocity in a commercial ELTECH H-4 cell is 8.67 x 10"^ cm s'’^ 
which may be compared with the migration velocity of 7.6 x 10“^cms“^ (see 
Appendix 4.7.2 for details). 
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The maximum caustic strength that can be produced with a high efficiency is pos¬ 
sible only when m = 0 at the anolyte surface of the diaphragm, when the percolation 
velocity equals the migration velocity, given by (mqh — 

From the percolation velocity, one can calculate the catholyte flow by subtracting 
the water that is decomposed by electrolysis and the water that has evaporated. The 
maximum caustic strength 


^max — ~ fU i t ^ 

F X catholyte flow 

varies between 170 and 180 g . At higher caustic strengths, the efficiency should fall 
steeply regardless of the thickness of the diaphragm (Figs 4.7.9—4.7.11). The caustic 
efficiency vs NaOH concentration diagram is called the Angel curve, in honor of its first 
investigator [62,63]. 


4.7.4.2B. Effect of Current Density. When the current density is decreased, the flow 
per unit area of the separator must decrease if the anolyte and catholyte concentrations 
are fixed. Hence, the value of u decreases by the same factor as the current density. 
The thickness of the membrane must increase by the same factor so that the voltage 
drop remains the same. The percolation velocity has to decrease with decreasing current 
density, and this requires a thick separator. 



FIGURE 4.7.9. Variation of caustic current efficiency with caustic concentration at various current densities 
for a diaphragm thickness of 0.2 cm, calculated using Eq. (40). 





Caustic Strength (gpl) 


FIGURE 4.7.11. Diaphragm thickness vs caustic concentration to achieve a caustic current efficiency of 95% 
at various current densities, calculated using Eq, (40). 


Thus, for a given diaphragm thickness, the current efficiency usually falls with 
decreasing current densities, at a fixed catholyte caustic strength. Furthermore, the model 
predicts that in order to produce the same caustic strength at a given caustic current 
efficiency at any current density, the thickness of the diaphragm must vary in such a 
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way that A V is approximately the same at all current densities. This is because both V 
and u decrease by the same factor as the current density decreases, and the thickness of 
diaphragm increases correspondingly. 


4.7.4.2C. Voltage Drop Across the Separator. The voltage drop across the diaphragm, 
AV is: 


iL 

AV = — (45) 

Thus, when L = 0.35 cm, x = 0.64^2“^ cm"^ and e — 0.75, Ai? = 170 mV. 

The thickness of the diaphragm, L, can be estimated from Eqs. (32) and (35): 



u 


UC\y 

- r]) 


(46) 


4.7.4.2D. Examples of Thickness and Voltage Drop Calculations. Experiments have 
shown that the hydroxyl ion concentration in the middle of the diaphragm is very low 
for the efficient operation of the cell. This suggests that the average composition within 
the diaphragm consists of at least 75% anolyte and 25% catholyte. The thickness of the 
separator and the voltage drop across it for three combinations of anolyte and catholyte in 
the diaphragm, simulating the possible composition in the diaphragm, are illustrated here. 

Case 1: 75% anolyte + 25% catholyte 
Case 2: 80% anolyte + 20% catholyte 
Case 3: 85% anolyte + 15% catholyte 

The values of u obtained for these cases are shown in Table 4.7.3, assuming the current 
efficiency to be 95%, at a temperature of 90®C, with a diaphragm porosity of 0.75. The 
catholyte composition for all these cases was 150 gL“^ NaOH and 181.5 gL“^ the 
anolyte analyzing 264 g NaCl. 

The equivalent conductivities of ions are noted below, along with the interpolated 
values at 90''C. 


Ion 

Published values 

Interpolated values 

75°C 

100°C 

128°C 

90°C 

Na+ 

116 

155 

203 

139.4 

cr 

160 

207 

264 

188.2 

OH" 

360 

439 

525 

407.4 


From the values of catholyte flow, percolation flow and the percolation velocity 
(see Appendix 4.7.2 for details) and the wqh- values calculated using the 
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following equations [64], the voltage drop across the diaphragm is estimated and shown 
in Table 4.7.4. 


A = 


where A is the equivalent conductivity and A® is its value at infinite dilution, 
P = \.\— 0.33 C being expressed in molL“^ 



and 


A 


RTki 

\Zi\F^ 


(47) 


The term z in the above equation refers to the valence of the ionic species under 
consideration. 


4.7,5. Modified Asbestos Diaphragms 

Asbestos diaphragms are formed on the cathode structure by immersing it in a vessel 
containing asbestos slurried in catholyte liquor and applying vacuum to deposit a mat 
onto the cathode screen. Vacuum, time of application, and composition of the slurry 
control the thickness of the deposit. The procedures and the variables involved in the 
deposition of asbestos diaphragms are discussed in Section 4.7.7. 

As mentioned earlier, asbestos diaphragms are prone to swelling because of dis¬ 
solution of the magnesium present in the fiber and its redeposition as Mg(OH )2 on the 
catholyte side, and also by the penetration of the hydrogen bubbles into the diaphragm, 
and subsequent loosening of the mat. This process results in increased voltage drop 
across the diaphragm, limiting the useful life of asbestos diaphragms to 6-8 months. 

A wide variety of techniques and modifiers have been investigated to impart dimen¬ 
sional stability to asbestos diaphragms. The techniques examined include heat-treating 
the diaphragm at 500-600°C instead of 450°C, using crocidolite asbestos and mixing 


TABLE 4.7.3 Values of U for Three Assumed Electrolyte 
Compositions in the Diaphragm 


Case# 

NaCl (molL-') 

NaOH (molL-‘) 

M(cms 

1 

4.16 

0.9375 

(8.57-6.98) X 10“^ 

2 

4.23 

0.75 

(8.57-7.288) x 10“'* 

3 

4.3 

0.563 

(8.57-7.624) x 10“'* 


TABLE 4.7.4 Voltage Drop, A V, Across a Diaphragm 


Case # 

«(cms 

DoH(cm^s ’) 

L(cm) 

AV(V) 

1 

1.59 X 10“'* 

4.69 X 10“5 

0.526 


2 

1.282 X 10“'* 

4.80 X 10“5 

0.602 


3 

0.946 X 10“'* 

4.91 X 10“5 

0.712 
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chrysotile with amphibole asbestos. Inorganic binders examined include silicic acid, 
sodium silicate, BaS 04 , calcium titanate, Zr02, and Ti02. Various polymeric mater¬ 
ials were also tested to achieve chemical stability of the asbestos diaphragms, and 
included chloroprene rubber, chlorinated rubber, PVC, polyethylene, polypropylene, 
and polyurethane. However, significant improvements were achieved only with fluorin- 
ated polymers. Although a wide variety of fluorinated polymeric materials were patented 
[65], currently there are only four compositions that are used in the industry. All these 
polymer-modified diaphragms are presently licensed by ELTECH Systems. 



FIGURE 4.7.12, Comparison of current efficiency data with HAPP, SM-1, and SM-2 diaphragms vs time 
[72]. (With permission from ELTECH Systems Corporation.) 



FIGURE 4.7. 13 . Comparison of cell voltage data with HAPP, SM-1 and SM-2 diaphragms vs time [72]. (With 
permission from ELTECH Systems Corporation.) 
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NaOH (gpl) 


FIGURE 4.7,14, Current efficiency vs caustic strength for HAPP, SM-1 and SM-2 diaphragms [72], (With 
permission from ELTECH Systems Corporation.) 



NaOH (gpl) 

FIGURE 4.7.15, Comparison of energy consumption at various caustic strengths with HAPP, SM-1 and SM-2 
diaphragms [72]. (With permission from ELTECH Systems Corporation.) 


The four modifiers are Halar [66], SM-1 [67], SM-2 [68], and SM-3 [69]. Halar- 
modified diaphragms are called HAPP diaphragms (i.e.. Hooker Asbestos Plus Polymer) 
[70]. These contain about 5% of a predominantly alternating E-CTFE copolymer. The 
commercial resin melts at about 245°C and contains 82% alternating units, 8% ethylene 
blocks, and 10% chlorotrifluoroethylene blocks [71]. SM-1 is an extruded PTFE fiber 
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cut to a specific length, and SM-2 is a branched fiber. SM-3 is 80% SM-2 with 20% 
perfluoroalkoxy (PFA) powder. 

Halar, SM-2, and SM-3 adhere to the asbestos when fused, and SM-1 fiber shrinks 
during fusion and tightens the mat. SM-based diaphragms typically contain 20% mod¬ 
ifier, and the polymer weight, excluding the salt, is included in the total weight of 
the diaphragm. Comparative performance characteristics of Halar, SM-1, and SM-2 
diaphragms [72] are presented in Figs. 4.7.12 to 4.7.15, which show that while Halar 
diaphragms offer stable performance initially, the SM-based diaphragms exhibit long¬ 
term stability. The short life associated with Halar-modified diaphragms is believed 
to stem from the disappearance of Halar with time, because of either chemical attack 
or thermal instability. Note that the SM-based diaphragms are baked at 340-370°C, 
while HAPP diaphragms are baked at 270°C. SM-based diaphragms provide higher 
energy savings when compared with the performance of HAPP diaphragms. However, 
the PTFE-based compositions are more expensive. Each specific case should be analyzed 
to minimize the life-cycle cost. 


4.7. 6. Non-Asbestos Diaphragms 

40% of the chlorine in the world is produced from cells with polymer-modified asbestos 
(PMA) diaphragms. Asbestos presents a health hazard. Nevertheless, proper handling 
of equipment and procedures and use of prepackaged containers to prepare the asbestos 
slurry have reduced operator exposure. As a result, there is less regulatory pressure in 
the United States to eliminate the use of asbestos in chlor-alkali operations. However, 
the environmental regulations in other countries are more stringent, and countries such 
as France and Brazil have proposed legislation to ban the use of asbestos. The ban on 
asbestos started in the year 2003 in France, and in the year 2010 in the rest of Europe. 
The state of Rio de Janiero in Brazil has banned the production of caustic in cells using 
either mercury or asbestos [73,74]. 

Anticipating regulatory pressures, chlor-alkali technology suppliers began research 
to develop substitutes for asbestos in the 1970s. Using perfluorocarbon-based materials, 
synthetic diaphragms were made with controlled porosity, using pore formers (e.g., 
CaCOa) that were subsequently leached out. The diaphragms were prepared in sheet 
form placed over the cathode structure [75] or slurried and vacuum deposited on the 
cathode as in the conventional process. The materials examined earlier include: PTFE 
[76,77], PVDF -h K 2 CO 3 [78], zirconium oxides [79], PTFE powder -{- K-titanate [80], 
and Ti screens bombarded by plasma of Ba powder [81]. However, none of these have 
achieved commercial status. 

In recent years, ELTECH Systems and PPG Industries have made significant pro¬ 
gress. ELTECH Systems developed a non-asbestos diaphragm [82-84] called Polyramix 
(PMX) with a porosity similar to that of asbestos and which can be directly deposited 
on the cathode. Polyramix'^^ is a fibrous composite material of Zr 02 or Ti 02 and PTFE. 
The PMX fiber is 10-100 jxm in diameter, and 1000-7000 (xm long. Chrysotile fibers, 
for comparison, are 0.1-0.3 |xm in diameter and 0.1-6.0 |xm long. These fiber charac¬ 
teristics make Polyramix noncarcinogenic [83]. While the conditions for preparing the 
bath and applying it to deposit diaphragms are different because of the differences in the 
fiber characteristics, the deposition methodology is the same as that employed to form 
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TABLE 4.7.5 Comparison of the Operating Cost^ of 
PMA and PMX Diaphragms [74] in MDC-55 Cells at 
2.55kAm-2 



PMA diaphragm 

PMX diaphragm 

Life (years) 

Operating costs 
($/ton of CI 2 ) 

0.75 

3 

5 

No voltage savings 

$4.13 

$ 4.21 

$ 2.53 

0.1 V savings 
vs PMA diaphragm 

$4.13 

$ 2.11 

$0.43 


Note: ^ energy cost = $0.03(kW h) ^ 


the regular and modified asbestos diaphragms. The weight of the PMX diaphragm is 
about 4.5 kg m“^ of the cathode area, compared to 2 kg m~^ required with a polymer 
modified asbestos diaphragm [82]. 

PPG Industries has also developed a non-asbestos diaphragm, Tephram®, which has 
three components: basecoat, topcoat, and dopant [85]. The basecoat, containing PTFE 
fiber, PTFE microfiber, Nafion® ion-exchange resin, and other constituents, is vacuum 
deposited on the cathode screen. PTFE fiber forms the base mat and the microfiber 
provides a suitable porosity. The Nafion resin contributes to the wettability of the PTFE 
mat. The topcoat, with inorganic particles, is applied on the basecoat by vacuum depos¬ 
ition to achieve adequate permeability and uniformity. The third component, which 
contains soluble and insoluble materials, is added to the anolyte during start-up and also 
intermittently during operation, to form a gel layer in the micropores of the diaphragm 
mat to improve the performance of the diaphragm. Tephram, like polyramix, is expensive 
compared to the regular asbestos diaphragm, and hence, the cell must operate for 3-4 
years to reduce the unit cost of production. 

The tensile strength of the PMX diaphragm is about lOkgcm"^ compared with 
1-3 kg cm“^ of the polymer bonded asbestos mat, and hence, the PMX diaphragm is not 
susceptible to erosion by the gas-solution mixture along the surface [74]. 

These diaphragms are generally treated with muriatic acid when they are plugged 
with Ca, Mg, Fe, and Ni precipitates. Unlike asbestos, the PMX fiber is stable to HCl. 
The longer service life of the PMX diaphragms justifies its higher cost. ELTECH’s 
evaluation of the PMX diaphragm showed better operating cost savings when the service 
life exceeded 5 years, depending on the electricity price and the operating conditions. The 
economic evaluation and the case history in the United States and Europe are described 
in refs [84,85]. Table 4.7.5 shows an economic comparison of the Polymer Modified 
Asbestos (PMA) and PMX diaphragms. 

There have been various reports comparing costs of polymer-modified asbestos dia¬ 
phragms and non-asbestos diaphragms. The non-asbestos diaphragm is not economical 
for low current density operations. At higher current densities, the life of the diaphragm 
should be substantially more than three years to be economically attractive, as evident 
from the cost comparison developed by PPG [85], and presented in Table 4.7.6. 
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TABLE 4.7.6 Operating Cost ($ /Ton of CI 2 ) of Diaphragm in 
MDC-55 Cells Operating at 120 kA and 95% Current 
Efficiency 



SM-2 

Tephram 

Polyramix 

Life (months) 

12 

36 

36 

Cost of diaphragm and cell renewal 

2.66 

2.06 

4.76 

Other costs^ 

0.29 

2.27 

0.1 

Total cost 

2.95 

4.33 

4.86 


Note: ® Fees, equipment cost, lost production and waste disposal 


Rhone Poulenc Chemie developed “Built-in Precathode Diaphragms” in the early 
1990s [86]. These consist of two layers, both vacuum deposited on the cathode. The first 
layer, the precathode, is made of a conducting fibrous material, an electrocatalyst (e.g., 
Raney Ni), a pore-forming agent, and a fluoropolymer. The second layer is a PTFE-based 
composition with a pore-forming agent. It is claimed, based on test results in MDC-55 
cells, that this diaphragm provides energy savings of up to 200 kW hr ton” ^ of chlorine 
at 2.64kAm”^, with lowered chlorates in caustic and <0.1% of H 2 in CI 2 . 

There has been significant commercial experience with various non-asbestos 
diaphragms. The non-asbestos diaphragm technology could become competitive over 
conversion to the membrane technology, because of the high conversion cost of 
diaphragm cells to membrane cells, as the life of the diaphragms improves and the 
regulatory agencies mandate the elimination of asbestos. 


4.7.7. Diaphragm Deposition 

The theoretical description of transport across diaphragms in Sections 4.7.3 and 4.7.4 
shows that a given diaphragm (with a specific L and x/e or weight and tortuosity/porosity, 
respectively) will provide the highest caustic efficiency at only one caustic strength and 
current density. There is no single, universal diaphragm that will give high current 
efficiency at all caustic strengths and current densities. The diaphragm must be designed 
and optimized for each case. Any change in operating parameters will then lower the 
efficiency. It is these factors that make the diaphragm deposition a “delicate/sensitive” 
process, and hence, it is essential that proper approaches and precautions are followed 
to consistently achieve a uniform diaphragm. Thus, diaphragm deposition is an “art”, 
as there are several variables involved in the deposition of asbestos or asbestos-based 
diaphragms. These are noted in Tables 4.7.7 and 4.7.8, along with the factors influenced 
by the performance of the diaphragm. 

The primary variables [87,88] in depositing a diaphragm are the asbestos type 
and bath composition, rate of deposition, and baking, which are elaborated below. The 
guidelines discussed here are applicable with all the modifiers, although the precise 
values of the operating variables depend on the requirements at a given site. 
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4.7.7.L Asbestos Type, The primary source of chrysotile asbestos used worldwide is 
Zambezi asbestos. Zambezi fibers are mechanically processed and are soft with consist¬ 
ent length. Zambezi asbestos yields uniform diaphragms that are not prone to webs or 
bridging between the cathode fingers. However, they tend to form pinholes, especially 
on old cathodes. 

One of the characteristics of asbestos is the rapid surface area (RSA) factor. A low 
RS A fiber will permit rapid drainage of liquid and hence, lower drying vacuums and bath 
operating levels. All varieties of asbestos come in long and short fibers. The long: short 
fiber ratio in the bath generally is in the range 2:1 to 4:1 depending on the source 
of asbestos. The ratio varies depending on the load and the desired caustic strength. 
Generally, increased fiber ratios will lead to fewer holes and increased bridging of the 
fibers. 


4.7J.2. Bath Composition. The asbestos slurry bath is prepared by mixing asbestos 
with catholyte cell liquor. The fiber concentration of the bath is in the range of 12 to 
15gpl; at higher concentrations there is a tendency to form bridges and holes. The 


TABLE 4.7.7 Influence of Depositing Variables on Diaphragm Characteristics [87,88] 


Variable 

Units 

Range 

Comments 

Diaphragm 

Asbestos 



Chrysotile 

Diaphragm weight 

kgm‘^ 

1 .5-2.0 

Increases cell voltage, current efficiency 
and bridging at >2.0kgra“^. 

Long: short fiber ratio 


2:lto4:l 

Hole formation decreases and bridging 
increases at > 4:1 ratio. 

Modifier (Halar, SM-1, SM-2, 
SM-3) 

% 

5-25 

Increases stability and porosity at >25%, 
resulting in a tightened diaphragm. 

Depositing profile 

Fiber concentration 

gpi 

12-20 

At >20 gpi, bridging is enhanced. 

NaCI concentration 

gpi 

120-170 

Salt reduces the settling rate of the fibers. 
Increased salt levels provide 
diaphragm uniformity, and low salt 
levels lead to the settling of fibers 
during deposition. 

NaOH concentration 

gpi 

120-140 

Caustic reacts with fibers and allows 
them to swell, reducing the porosity of 
the diaphragm. Very high levels of 
caustic result in the formation of silica 
gel in the bath. 

Bath temperature 

°c 

20-25 

Increases diaphragm tightness and 
decreased bridging at >25°C. 

Mix time 

min 

4-20 

Decreases porosity and bridging results 
if mixed for long times and causes 
diaphragm tightening. 

Cathode agitation amplitude 

cm 

KMO 

At > 100 cm, bridging decreases and the 
diaphragm tightens. 

Cathode agitation frequency 

#min“^ 

1 ^ 

At >4 min“ ^, bridging decreases and the 
diaphragm tightens. 





CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


297 


TABLE 4.7.7 (continued) 


Depositing profile 
1 st stage 

2 nd stage 

3rd stage 
Draw down 


Average slurry flow rate should be 5.7~8.2 L min~^ of cathode area; cathode 
agitation 1 min“^ to 0.5 min“^. Increase in vacuum will result in holes in the first 
stage. 

Applied vacuum increased in increments of 7-13 cm of Hg/increments until 50-70% 
of the total volume of the deposit passes through the diaphragm. Agitation of the 
slurry increased to 1/30 s to 1/60 s, when the formation of the bridges is minimized. 

Applied vacuum is maximum, at least 25 cm of mercury, prior to removing the 
cathode. 

Cathode removed and air allowed to pass for 20 min to 1 hr, when the wet diaphragm 
is compressed. Air drying vacuum should be 30-45 cm of Hg. Higher drying 
vacuums of >65 cm of Hg are indicative of tight diaphragms. 


Curing/Baking 
Step 1—Ramping 


Step 2—Drying 
Step 3—Fusion 


Step A —Cool down 


Air temperature increased to 90-95°C at rate of 2°C min“^, when all the moisture is 
removed from the diaphragm over 4-8 hr. Temperature held at 100°C until the 
diaphragm is completely dry. Incomplete water removal results in blisters in the 
diaphragm. 

Oven air temperature increased to 100°C. 

Temperature further increased at 2°C min~^ to 229-241°C for Halar based 

diaphragms and to 375®C for SM based diaphragms for ~1 hr to bond the polymer 
to the fibers. 

Allowed to cool with fans operating over 2 h before the cathode is taken out. 


fiber concentration must be maintained constant to realize a consistent weight of the 
diaphragm. Modifiers such as Halar, SM-1, SM-2, and SM-3, are then added to the bath— 
the Halar level being 5-10% and SM-based modifier levels being 15-25% of the total 
dry weight. 

The NaOH concentration in the depositing bath must be held in the range of 
120-160 gpl. The caustic reacts with the silica layers of the asbestos fibers. The fibers 
will swell and reduce the porosity of the diaphragm. The higher caustic concentration in 
the bath will degrade the asbestos fiber and form a silica gel in the bath. 

NaCl is added to the bath to increase its specific gravity and to reduce the settling 
rate of the fibers. At salt concentrations below 120 gpl, the fibers will settle, and at 
concentrations above 180 gpl, the diaphragm will tend to be porous, leading to high 
levels of hydrogen in chlorine during operation. 

Viscosity and fiber concentration should be measured before each deposit. 
Monitoring the slurry composition will allow the determination of the weight 
of the diaphragm, and the viscosity measurement will indicate changes in fiber 
properties. 


4,7,73. Deposition Sequence, The diaphragms are formed by applying vacuum to the 
cathode to draw the slurry uniformly from the bath, and this is done in three stages. 

After asbestos is added to the bath, the slurry is well mixed. This is achieved by 
blowing compressed air through spargers located in the bottom of the tank or by employ¬ 
ing a vacuum compressor to pull air through bottom connections to the tank. The mix 
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TABLE 4.7.8 Diaphragm Cell Variables 


Cell data Operating data 


Deposit date 
Bath number 
Deposit number 
Cathode comments 

Asbestos type 
Asbestos quantity 
Modifier type 
Modifier quantity 
Wetting agent type 
Wetting agent quantity 

Mix time 
Temperature 
Slurry viscosity 
Caustic concentration 
Salt concentration 
Carbonate concentration 
Fiber concentration 
Start level 
End level 
Vacuum profile 
Flow profile 
Low vacuum time 
Total deposit time 
Final deposit time 
Drying vacuum 
Drying time 
Deposit comments 

Oven 

Drying time 

Post bake comments 
Anode set 

Anode potential data 
Base number 
Cathode number 
Cathode quality rating 
Installation location 
Installation comments 
Removal conunents 


Date 

Cell location 
Voltage 

Intercell voltage 
Anolyte position 
Perc pipe position 
Catholyte temperature 
Circuit voltage 
Operating data conunents 

Catholyte caustic 
Catholyte chlorate 
Catholyte salt 
Catholyte hypo 
Hydrogen 
Oxygen (air free) 
Chlorine 
Nitrogen 
Carbon dioxide 
Feed salt 
Feed pH 

Feed temperature 
Feed carbonate 
Feed bicarbonate 
Feed free acid 
Feed flow rate 

Doping records 
Repair data 
Technician surveys 
Test identification 
Connecting buss voltage 
Circuit efficiencies 
Significant events 


time is typically 6-10 min. It should be noted that with longer mix times the diaphragm 
tightens, lowering its permeability. The bath temperature should be maintained in the 
range of20-25°C. At high temperatures, while bridging is decreased, there is an increas¬ 
ing tendency for the diaphragm to become tight, as caustic attacks the fibers more rapidly 
to form a gelatinous matter. 
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In the first stage, when a base layer of fiber is set, the average slurry flow rate 
is maintained in the range of 5.7-8.2 Lm“^ min“^ of cathode area by controlling the 
system vacuum, until the sight glass in the depositing line is clear. This takes about 
18-20 min and ensures that the mat is compact and free of holes. During this period, 
20-30% of the total volume is pulled through the cathode structure. It is critical that the 
depositing sight glass is clear at this stage. This ensures the formation of a uniform mat 
without holes. Raising the vacuum before the sight glass is clear results in holes in the 
diaphragm. Gentle agitation of the asbestos slurry, by raising and lowering the cathode 
through 25-100 cm once every minute or two is also suggested, in order to maintain 
the mechanical integrity of the asbestos fibers and to produce a smooth, uniform mat on 
the cathode. 

The second stage involves applying vacuum in stepwise increments of 7-13 cm of 
mercury, pausing each time until the sight glass is clear. During this period, 50-70% of 
the total volume of the deposit passes through the diaphragm. The slurry is agitated once 
every 30 to 60 s to minimize bridge or web formation. The cathode must remain deeply 
immersed in the bath during agitation. 

In the final stage of deposition, application of maximum vacuum compacts the 
diaphragm before it is taken out of the bath. 10-30% of the volume of the deposit forms 
on the cathode in this stage. It is necessary to maintain a differential of at least 25 cm of 
Hg across the diaphragm so that the liquid inside the cathode does not push the diaphragm 
away from the cathode screen. 

The cathode is held at an angle as it is removed from the depositing tank. The liquid 
drains, and air passes through the deposit more rapidly. As a result, the diaphragm is 
tightened and the porosity lowered. Air drying time is normally 20-60 min. 

The diaphragm is inspected at this stage, and any holes are plugged with asbestos 
fiber. The air drying vacuum should be between 45 and 50 cm of mercury for SM-2 
diaphragms, 65 cm for Halar diaphragms, and 15-20 cm for SM-1 diaphragms. This 
is an important parameter that should be monitored, as it reflects the porosity of the 
diaphragm. Low drying vacuums generally provide an acceptable startup level, quickly 
approaching the target caustic strength. High drying vacuums of >65 cm of mercury 
are indicative of low porosity. Soaking them in brine over 24 hr can rejuvenate the low 
porosity diaphragms. 


4.7JA. Baking. After air drying, it is necessary to cure the diaphragm. Successful 
curing requires proper temperature distribution in the assembly. This is achieved in five 
stages, in an oven with properly located thermocouples around the cathode to monitor 
air and cathode temperatures. The temperature profile and the heat treatment times in 
these various stages are shown in Fig. 4.7.16 for the SM-2 diaphragms. 

A. Ramping: During the first stage, termed ramping, the diaphragm is cured in 
three steps, by increasing the oven temperature to 90-95°C, then to 330°C, and 
finally to 365°C, at a rate of about 2°C min~^. 

B. Drying: Maintaining the temperature at lOO^C for 4 to 8 hr removes the mois¬ 
ture from the ajsbestos mat. Drying above the boiling temperature results in 
formation of blisters and powdering of the diaphragm. 



300 


CHAPTER 4 



FIGURE 4.7.16. Typical SM-2 diaphragm cycle [87]. (With permission from ELTECH Systems Corporation.) 


C. Heat Sink Plateau : This is the second plateau of the process, at an air temperature 
of 330®C for about 40 min. During this time, the diaphragm temperature reaches 
the temperature of the air. 

D. Fusion Cycle: This is the third and last plateau of the process. The temperature 
maintained during this regime depends on the fusion temperature of the chosen 
polymer, when the polymer is softened to a state where it bonds to the asbestos 
without decomposing. HAPP diaphragms require a temperature of 240®C for 
1 hr (Halar melts at 230-240°C and decomposes at >350°C). SM-2 and SM-3 
diaphragms are normally fused at 350®C for 1 hr. 

E. Cool Down Segment: The oven’s heating elements are shut off and the fans 
are allowed to operate for about 2 hr to cool the diaphragm and the cathode 
gradually, before removal from the oven. 

The fused diaphragms are ready to be installed in the cells, and it is preferable to 
use them within 2 days in order to minimize corrosion of the cathode, unless precautions 
are taken to ensure that the diaphragm is dry. It is essential that all the procedures and 
the specifications be adhered to in order to realize reproducible and optimal diaphragms. 
Run charts are suggested to monitor the various parameters discussed in this section. 


4,7.8. Effect of Shutdowns on the Performance of Diaphragms 

As discussed earlier, the performance of asbestos diaphragms and non-asbestos dia¬ 
phragms depends on several variables, which include composition of the baths used, 
method of forming the diaphragms, follow-up thermal treatment, and brine quality. 
Another factor that can adversely affect performance is the shutdown procedure fol¬ 
lowed during current interruptions. A proper procedure calls for rapidly destroying the 
hypochlorite in the anolyte and increasing its pH to 10-12. This ensures the absence 
of hypochlorite and acidity, which corrode steel cathodes. When corrosion occurs, iron 
oxides form in the alkaline medium in the vicinity of the cathode and plug the diaphragm. 
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This results in tighter diaphragms, higher caustic strength, and lower efficiency. 
Sometimes, depending on the residual hypo level, these oxides grow as dendrites and 
penetrate the diaphragm. When the cell is energized, the iron oxides are reduced to 
the metal and become sites for the hydrogen evolution reaction. This leads to increased 
hydrogen levels in chlorine. Temporary measures to clean the diaphragms include flush¬ 
ing with brine at a pH of 2-3, sugar doping and selectively solubilizing the iron oxides 
with complexing agents such as gluconate. However, with asbestos diaphragms, the acid 
dissolving the iron oxides will also leach out magnesium that will be redeposited on the 
cathode side as Mg(OH )2 and tighten it again. Diaphragms that are extensively plugged 
up with iron oxides therefore cannot be acid cleaned effectively because of potential 
corrosion of steel cathodes, and must be replaced. 


APPENDIX 4.7.1: DIAPHRAGM MODELLING BY VAN ZEE ET AL. [50-57] 
The flux of OH“ in the porous diaphragm is represented by Eq. (Al.l): 


Di dCi 
Nm djc 


Di 

/Cavg 


Fi 

~Rf 


C\ -h vC\ 


(Al.l) 


where C refers to the concentration of the OH~ ions, D to the dilfusion coefficient, /Cavg 
to the solution conductivity, Nm to the MacMullin number, F to the Faraday constant, 
R to gas constant, T to the temperature, v to the percolation velocity, x to the coordinate 
across the diaphragm and subscript 1 represents OH”. This equation is the same as 
Eq. (31), except that the diffusion coefficient of OH” ions in the first term of the right- 
hand side is divided by Nm, since OH” can pass only through the micropores. The 
current density, i, in the second term, is also a function of Nm, as: 


^avg d0 
Nm djc 


(A1.2) 


where d</>/dx refers to the potential gradient. Under steady state conditions, when the 
OH” flow along the coordinate x remains constant, dNi/dx = 0. Substituting this 
condition and Eq. (A 1.2) in Eq. (Al.l), a second order differential equation, which 
governs the OH” concentration in the diaphragm, is obtained: Thus, 


Di d^Ci / DyFi \ dCi 
Nyi dx^ ^ \Ks^ygRT ^) dx 


(A1.3) 


Integrating it with proper boundary conditions gives the OH concentration, C\{x). 


Ci{x) = 


{i/vF){l — exp(Aix)) 
{FiD\/RTK 2 cv^v) — exp(AiO 


(A1.4) 
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where 


-FiNu vNm 
RF D\ 


(A1.5) 


t = thickness of the diaphragm. 

These equations for the OH" concentration, current efficiency, t], and the voltage 
drop, A<^, can be recast using the dimensionless groups [51], as: 


Current Efficiency 


1 — expiPe + A0) 
(—A<p/Pe) — exp(Pe + A0) 


where 


Pe = 


Di 


(Peclet number) 


(A1.6) 


(A1.7) 


Voltage Drop 


-A<p = —l<p(x=t) - <^(j=0)] = 


Fi NMt 
RT iCQ}fg 


(A1.8) 


OH Concentration 


= 


Ci(^) 

Cf 


{PeJPe)[\ - exp{(Pe + A^)(^)}] 
i-A<i>/Pe) - expiPe + A<j>) 


(A1.9) 


Cf in Eq. (A 1.9) refers to the NaCl concentration in the feed brine, Pec to the Peclet 
number at current density, i, ifri (|) to the dimensionless OH-concentration, and | being 
the dimensionless diaphragm coordinate. 


_ 0VF)Cf 
" (Di/NMt) 


(A 1.10) 


Equations (A 1.5) through (ALIO) show that the current efficiency depends on the product 
of Nm and t. From Eqs. AU and ALIO, a new dimensionless number, Nu, the Hine 
number, can be defined as: 



i/(FCF) 

V 


(ALII) 


which represents the contribution of the ratio of current density to the flow rate of brine, 
i jFv, and to the OH“ concentration. 
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APPENDIX 4.7.2: CALCULATION OF PERCOLATION AND 
MIGRATION VELOCITIES 


Cell: 

Load, I 

Current efficiency, ?y: 
Porosity, e: 

Flow Area: 

Catholyte Flow: 

Percolation Flow: 
H 2 O Decomposed: 
H 2 O carried by H 2 = 


ELTECH H-4 
150 KA at 90^C 
90% at 150gL-‘ NaOH 
0.75 

64.5 (same as anode area) 

If; _ 22.4 L 

FCgn “ min 

Catholyte flow + H 2 O decomposed -h H 2 O evaporated by H 2 
1 F ^ 1 mol of H 2 O 1 mol OH~ 

/ (temp) == ~22 kg H 2 O kg"* of H 2 at 90°C 
— 25.2/ min~^ 


Percolation Row 


Percolation Velocity: 

Flow Area x Porosity 

f/OH ^ ^OH 

Migration Velocity = = F - i — 


:8.67 xlO ^cms ^ 


load 




RT ex flowarea 


F = 23,060 cal V ^ (g-equivalent) ^ 

R = 1.987 cal mol" 1 K"! 
r = 363 K (90°C) 

Don =4.91 X 10”^cms”^ 

X = 0.64 cm-^ for 150g L'^NaOH + 182gL-iNaCl 
A — 6.452 X 10^ cm^ 

Substituting these values into the above equation results in Um = 7.6 x 10“"^ cm s 
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4.8. ION-EXCHANGE MEMBRANES 
4.8. L Introduction 

Ion-exchange membranes were first developed for electrodialysis applications such as 
desalination of seawater or brackish water, where an impure stream is electrolyzed in 
a dialyzer consisting of an anode and cathode assembly, between which a stack of 
anion and cation-exchange membranes is placed. During electrolysis, the field across 
the membranes allows the transfer of anions and cations, thereby producing dilute and 
concentrated brine streams. 

The chlor-alkali industry’s development of ion-exchange membrane-based 
electrolytic cells in the early 1970s was driven by environmental concerns associated with 
mercury and asbestos and the desire to reduce energy costs associated with electrolysis 
and caustic evaporation [1] (Table 4.8.1). 

The first commercial membrane cells [2] started in 1975 (by Asahi Chemical 
at Nobeoka, Japan, and Hooker Chemicals at Dryden, Ontario, Canada), while the 
evolution of chlor-alkali membrane technology presumably began with the invention of 
Teflon in 1938. The first ion-exchange membranes developed were hydrocarbon-based, 
for the electrodialysis of saline water. They are unstable in chlor-alkali cells because 
of oxidation by the dissolved chlorine in the anolyte and chemical attack by the hot, 
concentrated caustic in the catholyte. Grot and coworkers [3-7] of DuPont developed 
perfluorinated polymers, utilizing the advantages of Teflon and ion-exchange technolo¬ 
gies, following the discovery of a new copolymer described in U.S. Patent 3,282,875 in 
1972, which today is known as Nation®. Although the first generation of ion-exchange 
membranes were capable of directly producing 2-40% caustic, the efficiencies generally 
were very low, and highest in the range of 10-15%. The first commercial installation 
produced 10% caustic, with current efficiencies of about 85%. Today, membranes are 
capable of producing 32% caustic at efficiencies of about 97%. Research efforts are 
continuing to perfect a membrane that will allow direct production of 50% caustic at 
high efficiencies and exhibit a long life. 


4.8.2. Chemical Structure and Synthesis of Perfluorinated Membranes 

Ion-exchange membranes are designed to selectively allow the passage of either cations 
or anions and are therefore known as cation- or anion-permeable or exchange membranes. 


TABLE 4.8.1 Energy Consumption of Operating 
Cells (kWhrton^^ of Chlorine) 




Cell type 


Energy 

Diaphragm 

Mercury 

Membrane 

Electricity for 

2800-3000 

3200-3600 

2600-2800 

electrolysis 

Steam" 

600-800 

0 

200-300 

Total 

3400-3800 

3200-3600 

2800-3100 


Note: ^ 1 ton of steam is assumed to be ~250-300 kWh. 
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These membranes are produced from organic polymers containing a significant 
concentration of covalently bonded fixed ionic groups, and are 50 to 200 |xm thick. The 
polymeric matrix contains fixed ionic groups or functional sites, and their charges are 
compensated by counter ions or mobile ions, which can be exchanged with the medium 
that is in contact with the membrane. The fixed sites of cation-exchange membranes 
are sulfonate or carboxylate acid groups, while anion-exchange membranes contain 
amine or quaternary ammonium groups in their fixed sites. The perfluorinated mem¬ 
branes developed for use in chlor-alkali cells exhibit superselectivity and high thermal 
and chemical stability, which are not found in other classes of polymeric ion-selective 
membranes. The three commercial perfluorinated membranes that have been extensively 
studied and used include: 

1. Nafion® (perfluorosulfonate membrane produced by DuPont) 

2. Flemion® (perfluorocarboxylate membrane produced by Asahi Glass), and 

3. Aciplex® (bilayered perfluorosulfonate and carboxylate membrane developed 
by Asahi Chemical (now Asahi Kasei)). 

The first perfluorinated ion-exchange membrane was Nafion® perfluoroionomer 
with sulfonate functionality. It is synthesized [8-12] by reacting tetrafluoroethylene 
with SO 3 to form a cyclic sulfone. Following rearrangement, it is then reacted with 
hexafluoropropylene oxide to generate sulfonyl fluoride adducts, with m > 1 . 

CF2-CF2 

CF2=CF2+S03-► I I -► 0 = CFCF2S02F 

O -SO 2 



O - CFCF 2 SO 2 F + (m + 1) CF 2 - CF -► O = CFCF - (0CF2CF)^0CF2CF2S02F 

CF3 CF3 CF3 

These adducts are heated with NaaCOa to form a sulfonyl fluoride vinyl ether, 
which is subsequently copolymerized with tetrafluoroethylene to form XR resin as: 

F S 02 CF 2 CF 20 (CFCF 20 )^ 0 CF = CF2+CF2=CF2 -► 

CF3 

—CF2CF2—CF2CF— 

(OCF2CF-)„0CF2CF2S02F 

CF3 

The polymer in this sulfonyl fluoride form is thermoplastic and can be melt pro¬ 
cessed with conventional fluoropolymer processing equipment. For use in chlor-alkali 
electrolyzers, the polymer is extruded to film form and reinforced, if necessary, with 
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fluoropolymer fabric. To make the polymer, it is hydrolyzed to form the chemical 
structure shown below, where M is sodium or potassium. 


(CF2CF2)« 


(CF 2 CF)- 

(0CF2CF 

CF 3 


■)„0CF2CF2S02M 


In commercial membranes, m is usually one, and n varies from about 5 to 11. This 
generates an equivalent weight (EW) ranging from 1000 to 1500 g of polymer, in its dry 
hydrogen ion form. Equivalent weight is defined as the weight of ionomer in grams that 
will neutralize one g-mole of a base, such as sodium hydroxide. 

Asahi Kasei has developed [13-16] a modified membrane by treating the cathode 
side surface of the sulfonate ionomer to convert the sulfonate functional groups at and 
near the surface to carboxylate functional groups. It was found that the carboxyl ionomer 
of this structure was not sufficiently long-lived in the chlor-alkali environment and more 
stable carboxyl ionomer structures were developed. 


(CF2CF2)„ 


(CF2CF)^ 

0 CF 2 CF(CF 3 ) O CF 2 CF 2 SO 3 H 



(CF2CF2);, - (CF2CF)^ 


0 CF 2 CF(CF 3 ) O CF 2 CO 2 H 

Asahi Glass membranes are prepared [17-23] by copolymerization of 
tetrafluoroethylene with molecules such as perfluoro-<5-butyrolacetone and 
hexafluoropropylene oxide to form CF 2 =CF 0 CF 2 CF 2 CF 2 C 02 CH 3 . This is then 
polymerized with tetrafluoroethylene and a larger monomer and hydrolyzed to form the 
perfluorocarboxylate polymer. The carboxyl ionomer gives superior current efficiency 
and the ability to make strong caustic, about 32 wt%, in the electrolyzer. Because of 
its greater cost, lower conductivity, and susceptibility to become nonconductive at low 
pH, the carboxylate ionomer is generally used with the sulfonate ionomer in a “bilayer” 
membrane. This membrane may be made by laminating films of the respective ionomers, 
or by coextruding them to make the bilayer membrane in a single step. The membrane 
is then hydrolyzed. 


4.8.2J. Structure of Perfluorinated Membranes. It is generally accepted that the 
fluorocarbon polymers undergo phase separation on a molecular scale when swollen by 
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contact with water, resulting in distinct hydrophobic zones (based on the fluorocarbon 
chains) and hydrophilic zones (constituting the fixed ionic groups). These ionic groups 
hydrate and attract more water, thus forming channels through which the cations migrate 
when an electric field is applied. 

Many experimental techniques have been used to examine the detailed 
structure of perfluorinated polymeric membranes. These include transmission electron 
microscopy [23], small angle X-ray scattering [24], Infra Red spectroscopy [25,26], 
neutron diffraction [27], Nuclear Magnetic Resonance [26,28], mechanical and dielec¬ 
tric relaxation [25,29], X-ray diffraction, and transport measurements. All these methods 
show convincing evidence for the existence of two phases in the perfluorosulfonate 
and perfluorocarboxylate polymers. One phase has crystallinity and a structure close to 
that of polytetrafluoroethylene (PTFE), and the other is an aqueous phase containing 
ionic groups. 

Based on the various results, several descriptions have been proposed for 
characterizing the perfluoro-based polymers. Some of these models arc: Ion-Dipole 
Cluster Model [30-33], Cluster-Network Model [23,34,35], Core-Shell and Lamellar 
SpacingModel [36,37], and Tortuous Pore Network Model [38,39]. The Cluster-Network 
Model, proposed by Gierke, provides a general picture of the structure of the aqueous 
domain constituting the membrane matrix. The model (Fig. 4.8.1) assumes that the ions 
and the sorbed solutions are all in clusters, the cluster diameter varying from 3 to 5 nm for 
a 1200EW polymer and the average cluster containing approximately 70 ion-exchange 
sites and 1,000 water molecules. The counter ions, the fixed sites, and the swelling 
water phase are separated from the fluorocarbon matrix into spherical domains connec¬ 
ted by short narrow channels. The fixed sites are embedded in the water phase very near to 
the water/fluorocarbon interface. The diameter of the channels, estimated from hydraulic 
permeability data, is ~1 nm. Assuming that the Bragg spacing (~5 nm from SAXS data) 
represents the distance between the clusters, the variations of cluster diameter and the 
number of ion-exchange sites per cluster are correlated to the water content (Fig. 4,8.2), 


S.Onm 



FIGURE 4.8.1. Cluster network model for Nafion® perfluorosulfonic acid membrane [24]. (With permission 
from Elsevier.) 
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FIGURE 4.8.2. Variation of the cluster diameter and number of ion-exchange sites per cluster with water 
content in Nafion® 1200 EW polymer [24]. (With permission from Elsevier.) 


and it was established that the pore diameter decreases with an increase in the EW. The 
size of the ionic clusters was shown to be dependent on the EW, the nature of the cations 
and the fixed sites, and also on the temperature. 

The reasons for the success of this model are elaborated in the next section, which 
also addresses the physicochemical and transport properties of Nafion®. It may be noted 
that the existence of cluster networks in the perfluorinated membranes was demonstrated 
by Gierke et al. [40] by transmission electron microscopy. 


4.8.3, Physicochemical Properties 

4.8.3.1. Water Uptake. The physical and transport properties of perfluorinated poly¬ 
meric cation-exchange membranes are greatly influenced by the amount of water and 
electrolyte uptake, which depends on the polymer EW, the nature of the electrolyte, 
and the pretreatment procedures. The water uptake increases [41] with increasing 
temperature, as shown in Fig. 4.8.3. 

Figure 4.8.4 shows that water absorption also depends on the NaOH 
concentration [41,42]. The water absorption in perfluorocarboxylate membranes is lower 
than that in perfluorosulfonate membranes, and it decreases with increasing EW. The 
latter effect is a result of the lower concentration of ionic groups. Both sulfonate and 
carboxylate membranes sorb large amounts of electrolytes [43] and other solvents, par¬ 
ticularly alcohols and other protic solvents [44]. Figure 4.8.5, illustrating the number of 
water molecules attached to each ionic group, shows that the water absorption depends 
not only on the hydration of the fixed ionic groups and their counter ions, but also on 
other interactions (such as cation-cation and anion-anion repulsions), which will result 
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FIGURE4.8.3. Wateruptake forH"^ form of Nafion® 1200 EW as afunction of temperature [41]. (Reproduced 
by permission from The Electrochemical Society, Inc.) 



FIGURE 4.8.4. Water uptake for perfluorinated membranes for various EW as a function of NaOH 
concentration: (—) sulfonate and (—) carboxylate [42]. (Reprinted with permission from the American 
Chemical Society.) 
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Equivalent Weight 

FIGURE 4.8.5. Calculated concentration of fixed ion for Nation® of various EW in equilibrium with water at 
25°C. (—) As received and (—) expanded by exposing to water at 100°C [48]. (Reproduced with permission 
of The Electrochemical Society, Inc.) 

in increased water absorption beyond that needed for the primary hydration shell of the 
ions [45]. 

The state of water in Nafion® was examined by several authors, employing a 
multitude of techniques. Dielectric relaxation studies [46], neutron scattering data [47], 
and infrared data [48] showed that 20-24% of the water is in the organic phase. The rest 
is in the ion clusters, where its physical properties differ from those of bulk water. 

Differential scanning calorimetric studies have shown that Nation® contains at least 
three types of water—one tightly bound to the ions, one weakly bound in the secondary 
hydration shell to the ion or another component of the fluorocarbon polymer (e.g., to 
the ether oxygens), and one free from strong interactions with ions or polymer chains. 
Thus, the K“^ form of Nafion contains ~3.8 water molecules per fixed ionic group in the 
primary hydration shell, 0.15 molecules as loosely bound water, and 3.8 water molecules 
as free water per each ionic group [49]. 

This tendency to absorb water results in the swelling of the membrane. The perflu- 
orinated membranes swell by 10-20% from the dry state when exposed to an aqueous 
solution, and swelling can be followed by monitoring the thickness of the membrane. 
This process occurs in the electrolytic cell in three dimensions and hence, great caution 
has to be exercised to preserve dimensional integrity and to avoid shrinking and wrink¬ 
ling of the membrane. Various procedures have been developed to treat and handle the 
membranes, and they will be discussed in Section 4.8.5. 

4.83,2. Ion-Exchange Capacity. The ion-exchange capacity is usually expressed as the 
millimoles of charge associated with the fixed ionic groups per gram of the polymer. 
It is a measure of the number of fixed ionic groups per unit weight or volume of the 
membrane polymer, which is dictated by the synthesis procedure. Note that the ion- 
exchange capacity depends predominantly on the ratio of substituted to unsubstituted 
fiuoroethylenes in the polymer chain and, to a lesser extent, on the length on the side 
chains. 

The ion-exchange capacity of perfluorinated membranes is generally about 
0.85 mmol g~^ of dry membrane polymer, although it can be fabricated over a range 
of 0.5-1.2 mmol g“^ 
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The terminology used to describe the ion-exchange capacities in the industry is 
the equivalent weight (EW), which is the weight of the polymer in the H"*" form that is 
neutralized by one equivalent of alkali and is the reciprocal of the ion-exchange capacity 
(EC in mg eq g“^ dry resin). 


EW(geq-l) 


1000 

EC(mgeqg-’) 


( 1 ) 


The concentration of fixed ions (in mol liter '), or exchange sites, Cf, is dependent on 
the EW as: 


= ( 2 ) 
Ew/w EW-W^ V/w/ 

where Wg and refer to the weight fraction and density of the electrolyte absorbed 
by the membrane, respectively, Vw to the volume of the electrolyte absorbed by the 
membrane, f \ to the fraction of the ionic groups in the ion cluster, and /w to the fraction 
of the electrolyte solution in the ion clusters. The value of f{ varies from 0.4 to 1.0, 
while /w varies in the range of 0.76 to 1.0 [47,48]. Hence, the ratio of /i//w varies 
from 0.4 to 1.32. Thus, the fraction of water in the clusters depends on the fraction of 
ionic groups in the cluster. The calculated values [48] of Cf as a function of the EW 
of Nafion®, with /i//w = 1, in Fig. 4.8.5, shows that the concentration of fixed sites 
increases with increasing EW, This is because, as the EW increases, the Vw decreases 
more significantly than the decrease in the ionic groups expected from the increased EW. 
The Cf also increases with electrolyte concentration (Fig. 4,8.6) because of ion-cluster 
morphology [50]. In NaOH solutions, the concentration of the fixed ions is 50% less 
than those expected from Eq. (2), because of ion-pair formation and a strong association 
in the ion-clusters. 

As the ion-exchange capacity increases, the water content increases [51], as shown 
in Fig.4.8.7, the sulfonate membranes having a higher equilibrium water content com¬ 
pared to the carboxylate membrane. Shorter chain lengths in carboxylate membranes 
also result in lower water content. 


4,8.33, Selectivity, The desired characteristic of a cation-exchange membrane is the 
ability to repel anions and allow only cation transport. This exclusion of co-ions results 
from their repulsion by the fixed ionic groups and the co-ions of the same electrical 
charge. Hence, the extent of the exclusion of co-ions depends on how closely the ions of 
like charge are located in the membrane and how many of them are available to repel the 
incoming co-ions. It must be appreciated here that increasing the concentration of fixed 
ionic groups proportionally increases the water capacity. The higher EC allows more 
water absorption, which swells the membrane, and decreases the concentration of fixed 
ionic groups. 

The extent of the ingress of co-ions into the membrane polymer may be discussed 
quantitatively from a thermodynamic viewpoint, as follows. When an ion-exchange 
membrane with pendant groups such as - SOsNa is immersed in a NaCl solution of con¬ 
centration, C, an equilibrium is established between the Na"^ and Cl” ions in the solution 
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FIGURE 4.8.6. Calculated concentration of fixed ions for Nafion®. (—) As received and (—) expanded by 
exposing to water at 1(X)°C for various EW and for varying HCl concentrations at 25°C [50]. (Reproduced 
with permission of The Electrochemical Society, Inc.) 
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FIGURE 4,8.7. Dependence of water content on the ion-exchange capacity of membranes [51]. The subscripts 
1,2 and 3 to M, the membrane, refer to the length of the side chain. Membranes with shorter side chain length 
exhibit lower equilibrium water content. (With permission from Elsevier.) 
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and the Na“^, CP, and SO 3 ions in the membrane. At equilibrium, the electrochemical 
potential of Na"*" and CP in the membrane and solution become equal. 

The electrochemical potential of an ion, />tp is defined as: 

/if = /xf + RT In Ci + ZiF<l> + (3) 


where /if is the chemical potential of the ion in its standard state, Zi is the ionic charge, 
F is the Faraday constant, <j> is the potential of the phase, P is the pressure, V."* is the 
partial molar volume of the ion, and Ci is the concentration of the ion in the given phase 
(i.e., either the solution or the membrane). Expressing the above terms with bars for the 
membrane phase and equating the electrochemical potentials, assuming that P — P is 
small, the /if terms are the same in the solution and the membrane phase, and z = 1 , 
it can be shown that: 

4>d == 0mein “ <^sol = In (4) 

^ <-Na+ 


and 


0 d == In^i- 
F Ccr 


(5) 


0d refers to the Donnan potential [52], which is the potential that is established between 
the membrane and the solution and is one of the components of the voltage across the 
membrane. Equating (4) and (5) results in: 


^Na+ _ ^Cr 
^Na+ Cq- 


Charge neutrality dictates that in the solution. 


CNa + — Cqi- 


and, in the membrane, 


^Na+ — ^cr + ^S07 


( 6 ) 


(7) 

( 8 ) 


Hence, 


or 


^cr _ ^cr 


"cr ^cr + ^so: 


(9) 


^cr ~ [^cr'^^so; 


]Kr 


( 10 ) 



316 


CHAPTER 4 



electrolytes at 25‘^C. (—) no Donnan effect (—) calculated using Eq. (10), [50], (Reproduced with permission 
of The Electrochemical Society, Inc.) 


when the activity coefficient in the membrane phase, y, and the solution phase, y, are 
taken into account [53]. Assuming y/y to be 1, Eq. (9) predicts that the concentration 
of the co-ions (i.e., CP in the membrane phase) is proporti<mal to the concentration 
of CP in the solution, when C^q- = 0, and that the ratio, Cq-/Cc|-, in the solu¬ 
tion decreases as the concentration of the fixed ionic group (i.e., SO 3 groups in the 
membrane) increases. However, experimental results in Fig. 4.8.8 show marked devi¬ 
ation [50] from the expectation of Eq. (10), that is, good permselectivity in dilute solutions 
and no permselectivity in concentrated solution. Data observed with perfluorosulfonate 
and carboxylate membranes [54] in NaOH solutions (Table 4.8.2) showed significant 
pick up of NaOH by the membrane, even though these membranes exhibited substantial 
resistance to the back migration of OH“ ions. Thus, permselectivity of Nafion® prevails 
beyond the Donnan limit and is referred to as superselectivity [55]. It is this characteristic 
that provides enhanced current efficiency with these membranes, and it is attributed to 
the unusual ion-cluster morphology in these materials. Thus, it is the sulfonate group 
concentration at the necks between the clusters, beyond what is present in the cluster, 
that acts as barrier to the OH“ back migration. It may be noted that the lower pick up 
of NaOH by the carboxylate membrane, seen in Table 4.8.2, arises from the lower water 
content [54]. 


4.8,3A. Conductivity. Nafion® membrane behaves as an insulator when dry. However, 
it becomes conductive when hydrated, absorbing six molecules of water for each 803 “ 
group in it. The conductivity of the H*^ form of a membrane is an inherent characteristic 
that stems from the strong acidic groups present in the membrane. Its high intrinsic con¬ 
ductivity, coupled with its hydrophobicity, make Nafion® a “solid electrolyte.” Hence, 
it replaces the conventional electrolyte in several electrochemical applications. 
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TABLE 4.8.2 Water Contents and Absorbed NaOH Concentrations 
(Based on the Volume of Water in the Pores) Within Perfluorinated 
Polymers with an Equivalent Weight of 12(X) at 90° C^ 



<^NaOH(M) 

H20(g/g dry polymer) 

CNaOH(M) 

-S03 

0 

0.172 

0 


5.1 

0.109 

1.8 


8.2 

0.086 

4 


10.7 

0.076 

5.5 

-COO" 

0 

0.14 

0 


5.1 

0.1 

2.1 


8.2 

0.072 

3.9 


10.7 

0.052 

3.6 


Note: ^ With permission from the American Chemical Society. 


The membrane is a heterogeneous material with conductive ion clusters scattered 
randomly in an insulating fluorocarbon matrix. Its conductivity of 6-13 S m“^ is due to 
the 10-20% aqueous H 2 SO 4 present in 80-90% of the insulator matrix, 

Gierke and Hsu [23] proposed, based on the cluster-network model, that the 
conductivity of the perfluorinated polymeric membranes can be described by the 
equation: 


^„ = 4(c-cor (11) 

where kra refers to the membrane conductivity, to the specific conductivity of the 
conducting phase, C to the volume fraction of the solution phase, and Co to the critical 
volume fraction (a threshold value at which the percolation model followed to describe 
Eq. (11) is not applicable), n is a constant, which is 1.5 based on a site percolation 
model. Figure 4.8.9 shows that Eq. (11) is a good description of the conductivity of 
Nafion® membranes. The empirical value of Co of 10% was less than the ideal value 
of 15% estimated by Gierke et al, for a completely random system. The value of n was 
reported to be 1.53 for 1.51 for K+, 1.51 for Li“^, and 1.43 for Na+. Hsu and 
Gierke [24] found n to be 1.5 for Nafion® 125 (with EW = 1200), equilibrated with 
Na"^ ions. Equation (11) is valid only at moderate water contents. It does not apply at 
high water contents since the percolation model is not valid when there are no more 
isolated domains [56, 57]. 

The conductivity of sulfonic acid membranes in the H“^ form is a function of 
temperature and water content as shown in Figs. 4.8.10 and 4.8.11. The conductivity 
increases with temperatures up to 57°C. Its decrease at higher temperatures is attributed 
to incomplete ionization [58]. 

Comparison of the conductivity of two perfluorosulfonic acid membranes in 
Fig. 4.8.11 shows that the conductivity increases [59] with increasing water content 
and also increasing ion-exchange capacity or concentration of fixed ionic groups. The 
Dow membrane has a higher EC and a shorter side-chain length than Nafion®. 

The conductivity is a strong function of the nature of the cation and increases 
with increasing water content until it reaches a plateau. The decreasing conductivity 



300 


380 


340 

Temperature (K) 

FIGURE 4.8.10. Conductivity of Nation® of EW1100 in the hydrogen form as a function of temperature [58]. 
(With permission from Elsevier.) 
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10 15 

H2O/SO3 


FIGURE 4.8.11. Variation of proton conductivity of perfluorosulfonic acid membranes with water content at 
30°C. ■ Dow A DuPont Nafion® 117 (revised from the figure in [59]). 



FIGURE 4.8.12. Variation of conductivity of membranes with ion-exchange capacity [51]. (Description of 
the terminology is same as in Fig. 4.8.7.) (With permission from Elsevier.) 

observed with cations of higher valence states reflects their lower ionic mobilities and 
the extent of interaction between the counter ions and the fixed ionic groups in the 
perfluoropolymer. 

The conductivity of Nafion® in alkaline solutions has been extensively investigated 
and was generally found to be one order of magnitude smaller than in pure water or 
acidic electrolytes because of lowered electrolyte absorption. Both sulfonic acid and 
carboxylic acid membranes exhibit increasing conductivity [51] with increasing ion- 
exchange capacity (EC) (Fig. 4.8.12). Since carboxylic acid has a lower dissociation 
constant than sulfonic acid, carboxylate membranes show lower conductivity at a given 
EC. The membrane conductivity varies with NaOH concentration in a manner similar to 
that of the free electrolyte and exhibits a maximum at ~20% NaOH. The conductivity 
decrease is more drastic in membranes than in solutions of the same concentrations and 
is attributed to the less hydrated state of the membrane and stronger binding of the mobile 
ions by the matrix at a lower water content in the matrix [60]. 
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FIGURE 4.8.13. Dependence of conductivity of carboxylate membranes on caustic concentration [51]. (With 
permission from Elsevier.) 


The carboxylic acid membrane behaves differently [51], as the maximum appears 
at 12% NaOH concentration and the conductivity then decreases with increasing NaOH 
strength (Fig. 4.8.13). This is attributed to the loss of the water in the membrane and 
hence, decreased ionic mobility. These factors arise from the strong interactions between 
the fixed ions in the membrane and the counter ions. 

It is important to recognize that the conductivity of Nafion® in alkaline media 
strongly depends on the pretreatment history of the membrane. Thus, higher con¬ 
ductivities result when the membranes are equilibrated in NaOH solutions rather 
than in KOH solutions [61,62], and better conductivity can be achieved with thinner, 
low EW membranes. It was also reported that the conductivity of the membranes is 
increased by soaking the membranes in water at high temperatures and at elevated pres¬ 
sures (Table 4.8.3 [63]). Table 4.8.4 describes the Nation® membrane conductivity data 
at various concentrations of HCl and NaOH [43]. 

4.83.5. Diffusivity. The self-diffusion coefficient values for Na"^ are presented in 
Fig. 4.8.14 for perfluorocarboxylate and perfluorosulfonate membranes [64,65]. These 
data show the self-diffusion coefficient to be lower in NaOH and also in NaCl 
solutions in the perfluorocarboxylate membranes compared to the same in the per¬ 
fluorosulfonate membranes. This behavior reflects the high activation energy [65] for 
the perfluorocarboxylate membranes, as shown in Fig. 4.8.15. 

In perfluorocarboxylate membranes, the apparent diffusion coefficient of Na"^ in 
NaOH is five times larger than that in 3.5N NaCl, while the diffusion coefficient values 
in NaCl and NaOH are similar, at about 10"^ cm^ s"^ in aqueous solutions. 
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TABLE 4.8.3 Effect of Pretreatment on Conductivity of Nation® 
Membrane in 40% KOH 


Temperature (°C) 

Pressure (atm) 

We (wt%) 

k(Q ^cm 

100 

1 

28.2 

1.15 xlO-'* 

150 

4.9 

38.8 

0.011 

150 

35.2 

86.4 

0.046 

175 

35.2 

116.2 

0.071 

200 

703 

370 

0.2 


TABLE 4.8.4 Conductivity of Nafion® Membrane of 1200 
EW in Various Electrolytes^ 


Electrolyte 

concentration 

Electrolyte 
uptake (%) 

Conductivity at 
25°C(xl0^n"'cm-') 


H 2 O 

7.8 

22.8 

9.46 

H 2 O 

17 

52.2 

9.46 

H 2 O 

30 

68 

9.37 

5% HCl 

12.9 

58.8 

10.33 

10% HCl 

11:9 

62.5 

11.59 

15% HCl 

10.5 

46 

10.75 

22% HCl 

8.8 

23 

11.59 

26% HCl 

7.8 

14.3 

16.95 

30% HCl 

6.8 

6.8 

13.47 

37% HCl 

4.8 

3.9 

15.69 

4.5% KCl 

7 

3.93 

12.07 

25% NaCl 

10 

5.3 

17.74 

5.4% KOH 

6 

1.7 

25.02 

0.4% NaOH 

— 

5.7 

— 

5 % NaOH 

12.8 

6 

15.43 

10% NaOH 

12.1 

9.3 

14.86 

20% NaOH 

9.6 

9.7 

13,08 

30% NaOH 

8.4 

6 

15.43 

40% NaOH 

8.3 

1 

17.79 

17% NaOH 

— 

— 

10 ^ 

30% NaOH 

— 

— 

10 ^ 


Notes'. 

Ea is the activation energy (kJ mol“ ^). 
^ForNafionof llSOEWat 100-180°C. 

C 

With permission from Elsevier. 


Conductivity and diffusion are governed by the mobility of a given ion and are 
related to the concentration of the mobile ions as: 


lOOOk RT 
‘ ~ D ' 


( 12 ) 


where k is the equivalent conductance and D is the diffusion coefficient. Comparison of 
the Ci values deduced from Eq. (12) with those from Eq. (2), showed good agreement, 
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FIGURE 4.8.14. Variation of sodium ion diffusion coefficient with temperature for perfluorocarboxylate (open 
symbols) and perfluorosulfonate (dark symbols) polymers in concentrated NaOH solutions [65]. The concen¬ 
tration of NaOH in moles liter" ^ is noted in the figure. (Reproduced with permission from The Electrochemical 
Society, Inc.) 



FIGURE 4.8.15. Activation energy of Na"*" ion diffusion in perfluorinated ionomer membranes vs 
concentration of NaOH in the temperature range of 70-90°C [65]. (Reproduced with permission of The 
Electrochemical Society, Inc.) 
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Specific Conductivity (S cm“^) 

FIGURE 4.8.16. Correlation between diffusion coefficient and membrane conductivity [51]. D values refer 
to the system: 3.5 mol”^ L NaCl/membrane/35% NaOH at 90°C and x values to 35% NaOH at 90°C. (With 
permission from Elsevier.) 


thus establishing the validity of Eq. (12). Figure 4.8.16 shows the correlation developed 
using the perfluorocarboxylate polymers. 


4.8.3.6. Permeation of H 2 , O 2 and C/ 2 . The permeability of H 2 [66], O 2 [66], and CI 2 
through the membrane is an important consideration, as it may influence the gas purity 
and operating safety considerations. The permeation rates for H 2 and O 2 increase with 
increasing water content, temperature, and with thinner membranes. 

The values of the diffusion coefficients for H 2 , O 2 , and CI 2 in the perfluorosulfonate 
and carboxylate membranes are presented in Table 4.8.5. 


4.8.4. Transport Characteristics 
4.8.4.1. Na'^ Ion Transport 

4.8.4.1 A. General. Preferential transport of selected species is the primary character¬ 
istic property of membranes. In a chlor-alkali cell, for example, one equivalent of cation 
will pass across the cation-exchange membrane for each Faraday of electricity if the 
selectivity is perfect. In practice, some OH“ passes through the membrane in the opposite 
direction, resulting in current inefficiency. The membrane selectivity, therefore, directly 
determines the caustic current efficiency of the process. 
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TABLE 4.8.5 Diffusion Coefficients for Gases Through Ion-Exchange 
Membranes 


Species 

Membrane 

Diffusion coefficient, D 

(10“ £)(m2s-*)) 

References 

H2 

H+ Nafion®120 

6.9 

[67] 

O 2 

H+ Nafion 120®(EW 1200) 

18 

[68] 


H+ Nafion 117®(EW 1100) 

30 

[68] 


K+ Nafion® 120 

2.2 

[69] 


Na"*" Asahi Glass perfluoro 
carboxylate (EW 1300) 

0.1 

[70] 

CI 2 

H+ Nafion® 120 

3.5 

[71] 


Let us consider a cell with two compartments separated by a cation-exchange 
membrane. Both compartments are filled with NaCl solution. The respective concentra¬ 
tions on the left-hand and right-hand sides of the membrane are Ci and C 2 with C 1 > C 2 . 
We expect Na"*" to diffuse from left to right, and we define this as the forward direction. 
The flux ji of species i is represented by the Nemst-Planck equation: 

ji = jd + jm + jc = -DidCi/dx - riiUiCidipIdx + C/U (13) 

where 

jd^ jm^ jc = fluxes due to diffusion, migration, and convection 
Di = diffusion coefficient 
Ci = concentration 
Hi = valency of ionic species 
Ui = ionic mobility 
<p = electrical potential 
JC = distance 
V = velocity of liquid 

We will neglect Jc for simplicity. In our example, Na"*" and Cl“ move in opposite 
directions because their charges are opposite in sign. The overall current passing through 
the membrane is represented by the sum of the flows of Na"*" and Cl” multiplied by F, 
the Faraday constant. Therefore, the contribution of species i is as follows: 

ti = ii/'Eii = niFji/FUniji = nijilY^riiji (14) 

t being the transport number. For pure NaCl solutions, 

^Na+ — yNa+/ONa+ + Jcr) = jc\~/(JNa+ + Jc\~) 

Therefore, 


^Na+ + ^C1-1 



CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


325 


or, in general, 


Ef/ = 1 (15) 

Since an ideal permselective membrane does not permit Cl“ to pass through, ^q- 
is equal to zero and is equal to unity. Thus, the current efficiency for Na~^ is 100%. 

While an ideal ion-exchange membrane should have a sodium ion transport number 
of unity, the question arises of whether it is possible to ever realize this goal? There appear 
to be at least two factors that one must consider. First, by judicious choice of the polymer 
and its chemistry, proper design of the membrane with optimized reinforcements and 
composites, and efficient catholyte mixing [72], it may be possible to reach a ^^^ 3 + of 
unity. The second factor that would prevent reaching the ideal situation is the fact that 
during the course of NaCl electrolysis, oxygen evolution, a parasitic anode reaction, 
generates protons. 


2 H 2 O ^ 02 + 4H+ + 4e (16) 

These protons will be transported to the cathode side, lowering the caustic efficiency. 
Thus, as long as O 2 evolution is occurring at the anode, it appears impossible to achieve 
100 % caustic efficiency, even though one may approach it. 


4.8.4.IB. Historical. As stated in Section 4.8.1 the impetus to produce chlorine and 
caustic using ion-exchange membrane-based cells is to directly produce concentrated 
caustic free of chloride, in addition to replacing the mercury and asbestos-based chlorine 
cells. The ion-exchange membrane for chlor-alkali production should be chemically 
and physically stable and provide high current efficiency, low electrical resistance, and 
negligible electrolyte diffusion. Such a membrane based on perfluorinated materials was 
first developed in the 1970s, with pendant sulfonate groups. However, because of poor 
hydroxyl ion rejection, these membranes produced only 10 % caustic, at efficiencies of 
~70-80% (Fig. 4.8.17). This was a consequence of the low fixed-ion concentration in 
the sulfonate membranes soaked in NaOH, under equilibrium conditions (Fig. 4.8.18), 
and hence, high OH~ ion pick-up by the perfluorosulfonate membranes (Fig. 4.8.19). 
Because of the high concentration of OH“ ions , these membranes allowed OH~ ions 
to be transported from the catholyte to the anolyte. 

Comparison of the fixed-ion concentration and OH~ pick-up data [51] by the 
perfiuorocarboxylate membranes soaked in NaOH solution (Figs. 4.8.18 and 4.8.19) 
show that, while the fixed-ion concentration is high in these membranes, the OH~ pick¬ 
up is small, thereby allowing fewer OH“ ions to pass through during electrolysis to realize 
high efficiencies. This high fixed-ion concentration in the perfiuorocarboxylate mem¬ 
branes is attributed to the shorter side-chain length in these fiuoropolymers and also in 
part to the lower hydration of the carboxylic groups. Note that the fixed-ion concentration 
can be varied by adjusting the EC also. Typical efficiency data of perfiuorocarboxylate 
acid membranes is shown in Fig. 4.8.20. 

Thus, the perfluorosulfonate membranes provide low caustic efficiencies at 
high caustic strengths, while the perfiuorocarboxylate membranes offer high current 
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FIGURE 4.8.17. Influence of caustic concentration on current efficiency (C.E) [51 ]. Ar = m eq g ^ polymer; 
the side chain length in membrane Mi is shorter than in membrane M 3 . (With permission from Elsevier.) 



^NaOH (%) 


FIGURE 4.8.18. Influence of caustic concentration on fixed ion concentration, A^^ [49]. >lw = Ar/W; 
Aw = meq g“^ H 2 O; Ar = meq polymer; W = g H 20 /g polymer (With permission from Elsevier). 

efficiencies at high caustic strengths. On the other hand, the sulfonate membranes, 
with their high water content [73,74], have lower electrical resistance, as shown in 
Figs. 4.8.21 and 4.8.22. It is for these reasons that bilayer membranes, with the sulfonic 
acid side facing the anolyte side and the carboxylic acid side facing the catholyte, were 
developed in order to realize high efficiency and low resistance or low cell voltage. The 
thickness of the carboxylate layer only needs to be 6-7 |xm to achieve high caustic effi¬ 
ciencies without incurring a voltage penalty. Another important reason for the manner 
in which the two layers are put together lies in the chemical stability of these mem¬ 
branes. Sulfonic acid has a pATa of <1 and hence, is stable in acidic media. However, 
carboxylic acid has a /? A'a of 2-3 and therefore, while it is stable in the anolyte pH range 
of 3-5 during the course of electrolysis, it protonates at pH < 2, resulting in increased 
resistance (Fig. 4.8.20). 
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FIGURE 4.8.19. S value and caustic concentration. S refers to the ratio of hydroxyl ion concentration 
(in Donnan equilibrium with caustic solutions) to the COO” concentration in the membranes [51]. 
(With permission from Elsevier.) 



pH of Sodium Chloride Solution 

FIGURE 4,8.20. Variation of electrical resistance of membranes with pH of NaCl solutions at 25®C [69]. 
(Reproduced with permission of the Society of Chemical Industry.) 
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FIGURE 4.8.21. Variation of electric resistance of membranes with caustic concentration at 80°C [69]. 
(Reproduced with permission of the Society of Chemical Industry.) 




FIGURE 4.8.22. Current efficiency vs caustic strength for Nafion 427 perfluorosulfonate membrane [69,74]. 
(Reproduced with permission of The Electrochemical Society, Inc.) 


These composite membranes are prepared either by lamination of the perfluoro- 
carboxylate and perfluorosulfonate films [75-77] or by the chemical conversion [78-80] 
of one surface of the perfluorosulfonic acid to perfluorocarboxylic acid to realize 
a carboxylate layer thickness of 5-10 jim. 

Several approaches have been followed to understand the transport phenom¬ 
ena occurring in perfluoropolymeric membranes, and these include irreversible 
thermodynamics, use of the Nemst-Planck transport equation (Eq.l3), and various 
descriptions (e.g., free-volume model, lattice model, quasi-crystalline model) coupling 
the morphological and chemical properties of the membranes. The reader is referred to the 
references and citations in the reviews [81-87] for more details related to these models. 

Based on the cluster-network model, the dependence of current efficiency on the 
polymer structure was first developed by Gierke [34]. This postulates that clusters with 
diameters of 4 nm are distributed throughout the matrix and connected to each other by 
short narrow channels 1 nm in diameter—the cluster separation distance being 5 nm. It 
should be noted that this structure was developed based on experimental evidence [23]. 
High caustic current efficiency, according to this model, is a result of the repulsive 
electrostatic interaction between the OH” ions and the fixed ionic charges on the surface 
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of the clusters and the connecting channels, over an effective range of 0-5 nm. Hence, 
migration of OH“ ions from one cluster to another is difficult, as it has to overcome 
a large electrostatic barrier in the channel. This results in high caustic current efficiency. 

Based on this qualitative description, an expression for the current efficiency was 
derived and shown to explain the increasing current efficiency with increasing EW of 
the polymer. However, new experimental evidence showed the shortcomings of Gierke’s 
approach, and hence, various other approaches were pursued. All these studies [31-33, 
50,55] basically suggest that it is the high local concentration of fixed ions that provides 
an excellent selectivity to membranes. A combination of differences in morphology and 
water absorption results in fixed ion-water interactions that alter the OH” ion rejection 
characteristics. 

It should be mentioned here that there was significant activity toward understanding 
the transport phenomena in these membranes prior to the development of bilayer mem¬ 
branes. Since then, the membrane manufacturers have developed composite membranes 
exhibiting a long life and efficiencies as high as 96-98% (see section 4,8.5). At the same 
time, theoretical efforts to understand these molecular interactions have waned. 


4.8.4.1C. Maximum Current Density. When a direct current is applied to a two- 
compartment cell divided by an ion-exchange membrane, as illustrated in Fig. 4.8.23, 
ionic species may flow across the membrane. Equation (13) gives the flux of species i. 
The three terms on the right-hand side of this equation are the components associated 
with diffusion, migration, and convection, respectively. 

Diffusion results from the concentration gradient dC /dx in the medium and hence, 
occurs when the NaCl concentration in the anode compartment differs from that in the 
cathode compartment. In a chlor-alkali cell, the anoiyte is nearly a saturated NaCl solu¬ 
tion, whereas the catholyte contains only traces of NaCl. Although Cl” ion is subjected 
to the same diffusional driving force as Na"^ ion, it is rejected by the fixed anions in the 
membrane, which also retard the transport of Na"^ to some degree to maintain the charge 
balance. 
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FIGURE 4.8.24. Concentration distribution of Na"*" in a cation-exchange membrane. 

There are boundary layers at each side of the membrane where the Na"*" 
concentration differs from the bulk concentration because of insufficient mixing of 
the solution. Figure 4.8.24 illustrates this concept. C denotes the concentration, 8 
the distance, the subscripts A, C and m to the anolyte, catholyte, and the membrane 
respectively, ' and " refer to the solution-membrane interfaces. Omitting the subscript 
Na, the diffusional flux is given as: 

kA (Ca - c'^) = ku (C - C) = fcc (C2 - Cc) (17) 

where 

ki = Di/8i 

It is worth noting that the Na^ concentration in the membrane is always higher 
than the concentration in the adjacent solution, because the fixed charges on the ion- 
exchange membrane allow relatively large quantities of Na"*" to enter the membrane. 
Now we may assume that the Na”^ concentration in the membrane is proportional to the 
Na"*" concentration in the solution as: 


C=aC; (18) 


and 
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where a is a coefficient depending on the characteristics of the membrane. Substituting 
into Eq. (17), we have: 


j = KiCA - Cc) (19) 

1/K^l/kA + l/akm + l/kc (20) 

It is clear from the above equation that the concentration gradients in the boundary 
layers and the membrane increase when the flux or the current density increases. Finally, 
the concentration at the anolyte-membrane interface reaches zero, as shown by the dotted 
line in Fig. 4.8.24. The same phenomenon also occurs at the cathode surface. In other 
words, the reaction rate in a membrane--cell system is greatly affected by diffusion, and 
the maximum or limiting current density is represented by: 

il — nF Jl = zFI>A,NaC’A,Na/^A (21) 

The subscript L denotes the limiting condition. Thus, each membrane has a specific 
limiting current density, and we cannot operate it beyond this point. 

The bulk concentration of anolyte, CA,Na^ is almost unchanged under normal 
operations. However, 6a is a function of the flow rate and of the surface roughness 
of the membrane. Chlorine bubbles, generated at the anode, agitate the anolyte solution 
near the membrane. As bubble action becomes more intense, the diffusional boundary 
layers become thinner. The membrane surface itself is not flat. Industrial membranes are 
normally reinforced with FIFE fiber or cloth. A metal oxide coating on zero-gap mem¬ 
branes improves their hydrophilicity and allows easier detachment of chlorine bubbles. 
These coatings also affect the thickness of the diffusion layer and the limiting current 
density. 

The limiting current density depends on the cell design, the membranes, and the 
operating conditions. Note that at the current density, the Na“^ concentration at the 
membrane surface is zero and that higher current densities beyond this value cannot 
be sustained by the anodic discharge of the chloride ions. We can make a practical 
estimate of the limiting current density by substituting typical values in Eq. (21). We 
know that n = 1 and F = 10^ Asmol“^ The diffusivity is about 10“^ cm^ s~^, and 
a typical anolyte concentration is about 4 M, or 4 x 10“^ mol cm”^. The thickness of the 
diffusion layer is usually estimated to lie between 10”^ and 10~^ cm. Using the former 
value, we have: 

= (10^ X 10"^ X 4 X 10~^)/10-2 = 0.4 A cm"^ 

This is 4 kA m~^, which, for several years was regarded as a practical maximum current 
density for membrane cells. The latest generation of cells, designed for improved internal 
circulation, operates above this value, and the diffusion layers, therefore, must be less 
that 0.01 cm thick. If we use a thickness of 0.001 cm in our estimate, the limiting current 
density becomes about 40kA m“^, which, in a practical sense in today’s technology, is 
no limit at all. 

The transport of ionic species by convection, which is shown by the third term on 
the right-hand side of Eq. (13) is zero if water does not move across the membrane. 
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Water does in fact pass through the membrane by osmosis, and the osmotic pressure, p, 
is proportional to the solution concentration: 

p = CRT (22) 

The pressure difference across the membrane is a driving force for water transport. 
Water is also transported by electroosmosis under the influence of the electric field, the 
electroosmotic velocity of water being given as: 


V = uq d<^/djc 

(23) 

MO = ^D^Aitri 

(24) 


where 

Mo = electroosmotic mobility (flow rate under unit potential gradient) 

^ = zeta (electrokinetic) potential 
De = dielectric constant of the medium 
r} = viscosity of the medium 
d(f>/dx = potential gradient 

The volume of water passing through the membrane with each coulomb of electricity is: 

Vb = Av/IO = uo/k (25) 


where 

Vb = volumetric flow of water 
A = area 
I z= current 
0 = time 
K = conductivity 

Three to four molecules of water of hydration, depending on the operating conditions, 
are transported with each sodium ion from the anode side to the cathode side. Hence, 
only a relatively small amount of water needs to be added to the catholyte loop in order to 
adjust NaOH concentration in a chlor-alkali cell. In KCl electrolysis, each cation carries 
only two to three molecules of water. The water balance of a cell alters, and both anolyte 
and catholyte flows must respond to the change. 

The extent of absorption and rate of transport are important properties of a mem- 
brane. Physicochemical characteristics such as electrical conductivity and ion selectivity 
are closely related to the amount of water sorption. On the other hand, mass transport 
in solutions next to membranes depends on the buildup of the hydrodynamic boundary 
layers, especially at high current densities. Therefore, the maximum current density is 
determined by the diffusion of chemical species through the boundary layers outside the 
membrane and not so much by processes that occur inside the membrane. The limiting 
current density, therefore, is not strongly affected by the water content of the membrane 
or by the processes of water transport through it. 
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H 2 O/SO 3 

FIGURE 4.8.25. Diffusion coefficient of water as a function of water content for two perfluorinated membranes 
from DuPont and Dow at 30°C. (Modified figure from [59].) 


4.8.4,2. Water Transport. The presence of water and its transport across the membrane 
are vital if the membrane is to function with excellent conductivity and selectivity. 
Because of their importance, the transport characteristics of water have been studied 
extensively both theoretically [88] and experimentally. Water transport numbers in chlor- 
alkali cell environments have been studied by several workers [64,88-92]. 

Figure 4.8.25 shows the variation of the diffusion coefficient of water with water 
content for two perfluorinated membranes in form [45]. The diffusion coefficient 
of water in Nafion® (EW 1200) in Na“^ form was reported to be 2.6 x 10“^® m^ s“^ 
and the activation energy was 21.4 kJ mol“^ [93]. The effect of applied pressure on the 
water flux with Nafion® showed the flux of water to decrease with increasing weight 
of the counter ion as: Li^ > Na^ > K+ > Cs“^; the difference in the flux for a pressure 
difference of 50 kPa ('^0.5 atm) being ~3.6cm^ m“^ hr“^ [94]. The decrease in the 
water flux with increasing weight of the cation reflects the reduced hydration of the 
larger cations. 


4.8.4.3. Anion Transport. The anions of concern for caustic purity that are transported 
from the anolyte to the catholyte during electrolysis are Cl“ and CIOJ. These species 
cannot be easily removed by simple chemical treatment of the caustic from a membrane 
cell. However, one can optimize the membrane cell operations to minimize the ingress 
of these ions into the caustic. 

The mass transport of anions across a membrane [95] is governed by diffusion, 
migration, and electroosmotic water convection and can be described using the Nemst- 
Planck equation. 



(26) 
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where 

N = flux of species 
D = diffusion coefficient 

— = concentration gradient at distance x 
ax 

d0 

— == potential gradient 
djc 

z = charge of species 
F = Faraday constant 
C = concentration of species 

V = electroosmotic water velocity across the membrane. 

The voltage gradient, d<p/dx, is related to the current density, i (A cm“^), and membrane 
conductivity, cm“^), by: 


d<^ i 

dx K 


(27) 


Substituting Eq. (27) into (26) gives: 


dC 

N = -D--(u - v)C 

djc 


(28) 


where 


u = —zDFi/RTfc 


The steady state flux of the ionic species across the membrane can be obtained by solving 
Eq. (24) with the boundary conditions: jc = 0, C = Cb and jc = 5, C = Co as: 


N = (u-v) 


yCb - C 

. 


(29) 


where 8 is the thickness of the membrane (in cm), Co and Cb = concentration of the 
species in the cathode and anode compartments, respectively (in mol cm“^) 


y — exp(—(w — v)8/D) 

From the material balance of the species around the cathode compartment: qCo = 
pC\ (Fig. 4.8.26), the concentration of the species of interest in the caustic product, 

Co, can now be expressed as 

„ (1 - Y)pC, + 

(1 - y)q + (M - v)5 

where p and q are the feed and exit flow rates of the caustic (cm^ sec”^), S is the total 
surface area of the membrane in the electrolyzer (cm^) and Ct is the concentration of 
the anionic impurity in the feed caustic. 



CHEMISTRY AND ELECTROCHEMISTRY OF THE CHLOR-ALKALI PROCESS 


335 



FIGURE 4.8.26. Schematic of an ion-exchange membrane cell describing the material balance around the 
electrolyzer. The symbols are described in the text. 


It follows from Eq. (28) that anions such as Cl" and CIOJ, present at high con¬ 
centrations in the anolyte, are transported to the cathode compartment by diffusion and 
electroosmotic flow and repelled by the potential gradient. We can now examine the 
effect of current density, anolyte chloride and chlorate concentration, and the anolyte 
temperature on the extent of transport of these anions into the cathode chamber, based 
on the transport characteristics of a given membrane. 

Unfortunately, all the properties required for these calculations are not available 
in the open literature for the membranes that are used commercially. Therefore, some 
simplified descriptions and assumptions are employed here to show the trends expected 
of a membrane under given operating conditions. One can refine these calculations with 
more precise data, when made available by the membrane suppliers. 

The electroosmotic water velocity, v, was calculated by 


.8 X lO*iWri 
FdO^d - Cs) 


where d is the specific gravity of the anolyte (gcm“^) and tj is the caustic efficiency. 
The water transport number for sodium (W in moles of H 2 O per mole of Na”*"), was 
estimated from the empirical Eq. (32) by DuPont [96], 

W = 11.612 - 5.886 X 10"^Cs + 1.14 x 10"^C| (32) 


where Cs is the anolyte salt strength in g dm“^. Equation (32) applies to cells operating at 
3.1 kA m"^ and 90°C at a catholyte strength of 32% NaOH, with Nafion® 901 membrane. 
Water transport was nearly constant over the current density range of 1.5 to 4 kA m“^. 
No membrane swelling was observed in the temperature range of 80 to 95®C. The 
water transport characteristics of Nafion® 90209 membranes are very similar to those 
of Nafion® 901 series membranes [96]. The water transport number is dependent on the 
catholyte caustic concentration [97]. However, this dependency was not incorporated in 
Eq. (32), since the caustic strength was fixed at a value of 32%. 

The values of the other parameters [95] employed in these calculations are noted in 
Table 4.8.6. 
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TABLE 4.8.6 Values of Parameters Used for Calculating the 
Impurity Levels in Caustic 


Parameter^ 

Value 

Membrane thickness (S) 

1.4 X 10“^ cm 

Membrane surface area (5) 

2.4 X 10^ cm^ 

Membrane conductivity (k) 

145.76exp(-4000/7) cm-^ 

Diffusivity of chloride 

4.27 X 10“^ exp(-4000/7) cm^ sec“^ 

Diffusivity of chlorate (L>qo“ ^ 

4.27 X 10"^exp(-4000/r)cm2 sec"^ 

Feed caustic flow rate (p) 

820 cm^ sec"^ 

Exit caustic flow rate (q) 

119 err? sec“^ 


^ It is important to point out that there is a need to measure these values for each 
membrane as no such information is presently available in the open literature. 


The membrane conductivity data used in the present calculation are those for 
a carboxylic acid membrane [97-99], as the overall conductivity of a composite mem¬ 
brane is dictated by the carboxylic layer. Diffusion coefficient data for chloride and 
chlorate ions across the commercial composite membranes are not available. Hence, 
an average of the diffusion coefficient data for the chloride ion for carboxylic acid 
membranes [100,101] was used, assuming the same temperature dependence as that of 
membrane conductivity. The diffusion coefficient of the chlorate ion was assumed to be 
the same as that of the chloride ion. Variations in Dq- and k with anolyte concentration, 
under commercial operating conditions, were reported [102] to be weak, and hence, 
these dependencies were not considered here. 


4.8.4.3A. Effect of Current Density 

1. / -> 0 (i.e., during circuit shutdown). 

It can be shown from Eq. (30) that as i 0, 

= (33) 


Hence, 


^ pSC'i + DC\iS 
q8 + DS 


(34) 


Thus, during a cell shutdown, the transport of anions is solely governed by diffu¬ 
sion (Fig. 4.8.27). The flow of anions into the cathode compartment can be min¬ 
imized by lowering the cell operating temperature before shutdown, as is evident 
from Eq. (33), via the variations in D with cell temperature, T, Because of this 
effect of maximal carryover of anions at i 0, it is important that the cells be 
designed so that the ratio of active membrane area to the peripheral inactive area 
is high in order to achieve low anionic impurity content in the caustic product. 
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FIGURE 4.8.27. Diffusion rate of NaCI vs temperature [96]. (With permission from E.I. duPont de Nemours & 
Co, Inc.) 


2. i —^ very high (high current density operation). 

At high current densities, Eq. (30) can be reduced to: 


N = —(w — i;)Co 


(35) 


_ pCj 
q {u — v)S 


(36) 


At high current densities, the effect of diffusion is negated by the migration 
and electroosmotic water flow, resulting in minimal carry over of anions to the 
catholyte, as shown in Figs. 4.8.28 and 4.8.29. It should be noted that the max¬ 
imal current density that can be practically employed depends on the cell design 
and the specifications set by the membrane supplier. The trends depicted in 
Figs. 4.8.28 and 4.8.29 are in general agreement with the published data [96,98]. 

In commercial chlor-alkali membranes the current distribution is non-uniform 
because of the presence of non-conductive reinforcing filaments. The current density 
is greater in the openings between the filaments, and less where the filaments obstruct 
the flow of ionic current through the membrane. Therefore, during operation, anions 
tend to accumulate near the filaments because the local current density is small, tend¬ 
ing to zero. Since the local concentration of anions is high in this region, precipitation 
of insoluble products of anions with cations such as sodium occurs near the filaments. 
This was seen [102] as a whitened or frosty area on the cathode side in thick, heavily 
reinforced membranes, and confirmed by X-ray analysis. Whitening arises because of 
the disruption of the polymer on the cathode side of the membrane by these precipitates. 


4.8.4.3B. Effect of Anolyte Cl“ and CIO^ Concentration. As the chlorate concentration 
in the anolyte increases, the diffusion of chlorate ions to the cathode compartment 
is enhanced. However, a similar pattern does not prevail with chloride ions since 
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FIGURE 4.8.28. Effect of current density on the NaCl concentration in the caustic product at 90°C 
and 200 gpl NaCl in the anolyte, calculated using Eq. (30) [95]. 



FIGURE 4.8.29. Effect of current density on the NaC 103 concentration in the caustic product at 90°C and 
4 gpl NaC 103 in the anolyte, calculated using Eq. (30) [95]. 


the electroosmotic water flow decreases as the anolyte salt strength increases 
(Fig. 4.8.30), resulting in reduced carry-over of chloride ions into the cathode com¬ 
partment (Figs. 4.8.31 and 4.8.32). The lack of significant variation of the catholyte 
CIO^ level, with changes in the anolyte chlorate level, is a result of lower chlorate ion 
concentration in the anolyte in contrast to the anolyte chloride level, which is 70 times 
higher in molar concentration. 


4.8.4.3C. Effect of Operating Temperature. Increase in temperature lowers the electric 
field-driven migration rate and increases the diffusion rate. Hence, the chloride and 
chlorate concentrations in the caustic product will increase at elevated temperatures as 
shown in Figs. 4.8.31 and 4.8.32. Note that the activation energy for the diffusion of 
Cl” ions is about 10 kcal mol”^, implying that the Cl” levels decrease by about 30% for 
every 10°C decrease in the temperature. 
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FIGURE 4.8.30. Dependence of NaCI in caustic on the water transport across Nation® membrane [96]. 
(Reproduced with permission of the Society of Chemical Industry.) 



Temperature (‘‘C) 

FIGURE 4.8.31. Effect of anolyte NaCl strength on the NaCl concentration in the caustic product at 90*^0 
and at a current density of 3.5 kA m~^, calculated using Eq. (30). 


4.8.4.3D. Caustic Quality in NaOH vs KOH Systems. Chloride and chlorate levels in 
the caustic are expected to be lower during the electrolysis of KCl as compared to 
the NaCl system because of the lower water transport number of 2 to 3 during KCl 
electrolysis [96] compared to ~4 during NaCl electrolysis. Calculations using the water 
transport number only showed the Cl~ and CIO J levels in the KOH product to be about 
2 to 3 ppm, still exhibiting a dependency on current density, temperature, and anolyte 
concentration. This influence should be cautiously interpreted since the » ^ciO“’ 
and K values in the calculations are those for the NaCl/NaOH system and not for the 
KCl/KOH system for which relevant data are not available. 
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FIGURE 4.8.32. Effect of anolyte NaClOs concentration on the NaClOs level in the caustic product at 90°C 
and at a current density of 3.5 kA calculated using Eq. (30). 


4.8.4.3E. %H 2 in CI 2 . Since the water transport number of Na"^ ions, during NaCl 
electrolysis is ^4 vs 2-3 during KCl electrolysis, there is greater liquid flow in an NaCl 
system than in a KCl system. As a result, there is a greater force opposing hydrogen trans¬ 
port during NaCl electrolysis. This gives a lower %H 2 in CI 2 during NaCl electrolysis, 
by at least 50%, based on the number of water molecules moving into the catholyte. 

Thus, the caustic product quality from the membrane electrolyzers can be adeptly 
manipulated by adjusting the cell operating conditions. The chloride content in the 
caustic can be reduced by (1) increasing the current density, (2) increasing the anolyte 
salt strength, and (3) decreasing the cell operating temperature. The chlorate levels in 
the caustic can be reduced by (1) increasing the current density, (2) decreasing the chlor¬ 
ate concentration in the anolyte, and (3) decreasing the cell temperature. In addition, the 
cell operating temperature must be lowered prior to the circuit shutdown to minimize 
the diffusion rate of the chloride and chlorate ions. Another important, but neglected 
outcome of this study is the influence of the electrolyzer design. They should be con¬ 
figured in such a way that the ratio of the active membrane area to peripheral inactive 
area is high. This is an important factor to consider when evaluating cell technologies. 
A related issue addressing the minimization of the “current-blind” areas in the mem¬ 
brane is ensuring the absence of stagnant regions in the anode and cathode compartments 
by reducing the gas space at the top of the cell by maintaining a differential pressure 
between the catholyte and anolyte in order to minimize the transport of chlorine across the 
membrane. 

Lastly, it is critical that a rigid planar membrane surface be maintained during 
electrolysis, as any wrinkles in the membrane will lead to stagnation of the electrolyte. 
This, in turn, will cause further distortion of the membrane by creating nonuniform 
current distribution and affecting the brine strength and, therefore, the water content 
in the membrane. This type of problem is generally alleviated by properly attaching 
and supporting the membrane. While this improves the mechanical properties of the 
membrane, it can retard the ionic flux across the membrane and offer a high resistance. 
Thus, as shown in Fig. 4.8.33, increasing the carboxylate layer thickness will lower the 
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FIGURE 4.8.33, Dependence of amount of NaCl in 50% caustic on the thickness of the carboxylic layer [98]. 
(Reproduced with permission of the Society of Chemical Industry.) 


Cl ion flux into the catholyte, at the expense of an increased membrane resistance and 
cell voltage. 


4,8.5. Performance Characteristics of Membranes 
4.8.5.1. Effects of Impurities 

4.8.5.1 A. General. When a high-performance cation-exchange membrane separates 
pure aqueous NaCl in the anolyte from aqueous NaOH in the catholyte, hydrated sodium 
ions pass through the membrane from the anode side to the cathode side during the course 
of electrolysis. Some water molecules also pass in the same direction by electroosmosis, 
at a rate depending on the NaCl concentration in the anolyte. The cation-exchange 
membrane rejects hydroxyl ions trying to move in the anode direction by diffusion and 
migration. The membrane also prevents chloride ions in the anolyte from passing through 
to the catholyte. The potential gradient drives the OH~ ions from the cathode side to 
the anode side. Chlorine generated at the anode dissolves in the anolyte solution to form 
hypochlorous acid and hypochlorite ions. The membrane also prevents the passage of 
these species. 

This is an ideal representation that approximates the real behavior of a membrane 
cell. A variety of ionic and neutral species besides Na"*”, Cl“, and OH~ exist both in 
the anolyte and in the catholyte, and these impurities also affect the performance of 
the cell. Consequently, the effects of these impurities on membrane-cell behavior have 
been investigated extensively in order to determine the allowable limits of impurity 
concentrations and develop industrial procedures for the removal of these impurities 
from the electrolysis system. 

Crude salt, whether it be rock or sea salt, contains a number of chemical con¬ 
stituents (see Table 5.1). The saturated NaCl solution prepared from these salts must 
be treated to remove impurities before going to a cell. Brine specifications depend on 
the type of cell used (diaphragm, mercury, or membrane) and the operating conditions. 
Water is transported from the anolyte to the catholyte through the membrane, as stated 
above, but more is required to maintain the water balance in the cathode compartment. 
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Process water for brine treatment and catholyte adjustment may also contain impurities. 
On the catholyte side, the likely impurities are silica from the water supply and iron and 
nickel from metallic corrosion. However, the catholyte is removed continuously from 
the system, and while the presence of impurities may be of concern, they are not permit¬ 
ted to accumulate to high concentrations. On the other side, the anolyte is recirculated 
between the brine-treatment plant and the electrolyzers, allowing the accumulation of 
trace impurities to undesirable levels. 

Brine impurities originate from various sources and their effects on cell perform¬ 
ance differ. We can classify them into several groups: cationic impurities such as 
Mg^'^ and Ca^"*", anionic impurities such as sulfate and halides other than chloride, 
and nonionic impurities such as alumina and silica. The effects of the interactions of 
certain combinations of impurities must also be considered. 

Before discussing impurity effects, let us examine the pH profile across the 
membrane during the course of electrolysis. Using experimental data from a laboratory 
cell, Ogata and coworkers [18,103] and Obanawa and coworkers [104] found the pH in 
a sulfonate-carboxylate bilayer to be in the range 9-12 over the bulk of the membrane 
with the exception of narrow regions near the membrane/solution interfaces. On the 
anode side, the pH decreased steeply to about 3, while on the cathode side, it increased 
to 14. Thus, the pH of ~9-12 in the membrane can indeed force the precipitation of 
metal hydroxides [105] when the metal ion concentration exceeds the dictates of the 
solubility product (Fig. 4.8.34). It should be noted that Hg and Fe are electrodeposited 
on the cathode and oxides of Mn, Pb, and Fe are formed on the anode as a result of 
oxidation of the relevant ionic species by the active chlorine in the anolyte. 


4.8.5.IB. Formation of Hydroxides. The effects of impurities on membranes are clas¬ 
sified as chemical or physical in nature. When the micropores are plugged by insolubles, 
the ionic and water fluxes become limited, resulting in increased resistance in those 
regions. As a result, heat is generated and the vapor pressure of the water increases. 


0 



Membrane 
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FIGURE 4.8.34. The pH profile in the membrane cell and its importance during the precipitation of impurities 
in the membrane. 
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This leads to mechanical damage and the formation of blisters. The voltage across the 
membrane increases and the current efficiency decreases. 

Impurities such as Ni and Mg, whose hydroxides have low solubilities, tend to 
precipitate near the membrane surface on the anode side, causing an increase in the 
ohmic drop across the membrane. On the other hand, impurities such as Ca, Sr, and 
Ba, with higher solubilities, are prone to deposit on the cathode side of the mem* 
brane in the carboxylate layer, leading to the formation of large voids and therefore, 
to decreased current efficiencies. The actual situation may be more complex because of 
mutual interactions of impurities to form complex species. 

Calcium in the brine is particularly harmful because of the moderate solubility 
product of its hydroxide (~10”^). Calcium ions penetrate the membrane and precipitate 
as hydroxide near the membrane-catholyte interface or at the interface of the sulfonate 
and carboxylate layers. The voltage drop increases greatly when Ca(OH )2 accumulates 
to a concentration of about 1 mg cm~^ [18]. 

The time-to-failure (TTF) of a membrane is inversely proportional to the IC in the 
feed brine: 


TTF ^a/ilC)'’ (37) 

where a and b are coefficients that depend on the impurity and IC refers to the impurity 
content. Figure 4.8.35 [18] shows that b is nearly unity for the alkaline earth metals. Cal¬ 
cium is most harmful, followed by magnesium, strontium, and barium. Table 4.8.7 shows 
the solubility products of the hydroxides [18,106-108]. The TT F, and hence, the value 
of a in Eq. (37), follows the sequence of solubility, except in the case of Mg(OH) 2 . It is 
likely that in the anolyte precipitates in colloidal form and that only a small fraction 

penetrates the membrane before precipitating. Scanning Electron Microscopy (SEM) 
images show that precipitation extends throughout most of the sulfonate layer, but only 
small amounts of Mg(OH )2 are found in the carboxylate layer. Magnesium hydroxide 
molecules are small, and hence, less harmful to the microstructure of the membrane than 
the other hydroxides. 

Ferrous iron in the anolyte is oxidized to Fe^"^ by dissolved chlorine. Since the 
solubility product of ferric hydroxide is very small iron deposits on the mem¬ 

brane surface before it can penetrate the membrane. Iron, therefore, does not affect the 
selectivity of the membrane but may increase the voltage drop by reducing the effective 
area. Nickel has similar effects. Iron is generally less harmful because of very low sol¬ 
ubility. However, it was reported [109] that in the presence of iron contamination, the 
current efficiency of Asahi Chemical cells with Aciplex membranes decreased by 2%. 
The cell voltage, on the other hand, was unaffected over 50 months of operation. The 
source of the iron was potassium ferrocyanide, an anticaking agent in the evaporated salt 
used as the raw material. 


4.8.5.1C. Sulfate. Besides the chloride ion that is present at high concentrations, the 
anolyte contains anions such as bromide, iodide, and sulfate in small quantities, and 
hypochlorite at a 3-5 g level, from the reaction of water with dissolved chlor¬ 
ine. The bromide and iodide ions from the anolyte are transported to the catholyte by 
the same driving force as discussed earlier. The mass transport of sulfate ions in the 
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FIGURE 4.8.35. Time-to-Failure (TTF) as a function of the impurity content in the brine [103]. 


TABLE 4.8.7 Solubility Product of the Hydroxides of Alkaline 
Earth Metals [18, 101-103] 




Temperature 


Composition 
of hydroxide 


25°C 

60^C 

80°C 

90°C 

Mg 

Ca 

Sr 

Ba 

5.60 X 10-'2 
4.68 X 10“® 
5.67 X 10-5“ 
2.55 X lO-'* 

4.86 X 10- 

2.02 X 10"® 

3.44 X 10-5“ 
1.97 X 10-'“ 

4.32 X 10-‘5 

1.21 X 10-® 

4.77 X 10-5“ 
2.24 X 10+‘“ 

4.11 X 10-'5 
9.33 X 10-5 
5.67 X 10-5 
2.55 X lO-'' 

Mg(OH )2 
Ca(OH )2 
Sr(OH )2 • 8 H 2 O 
Ba(OH )2 8 H 2 O 


Notes: 

a 

Calculated from the solubility data assuming the activity coefficient of the ions to be 0.3. 


membrane is small because of its low diffusion coefficient (ca.l0“^ cm^ s“^) [100]. 
The membrane tolerates relatively high levels, in the g range. However, because the 
solubility of sulfate decreases at high NaOH concentrations, it precipitates as the double 
salt Na 2 S 04 • x NaOH and the triple salt Na 2 S 04 • x NaOH * y NaCl in the membrane 
[ 110 , 111 ]. 

The transport behavior of sulfate is unusual [112,113] as the rate of transport 
increases with the current density and the thickness of the membrane at a constant current 
density. Sulfate deposits everywhere in the membrane, preferentially in the regions of 
low current density. However, no sulfate deposits were found in areas where there was 
no flow of current. Photographs of the cross-sections of degraded Nafion® 901 showed 
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sulfate damage at the cathode side behind the PTFE reinforcement. It was shown [114] 
that with the less mobile sulfate ions, migration was relatively small compared to diffu¬ 
sion and convection, and hence, the overall flux of the sulfate ions was in the direction 
of the cathode rather than the anode. 


4.8.5.ID. Silica. Silica is a nonionic impurity, with low solubility in the slightly acidic 
anolyte and high solubility in the alkaline catholyte, where it exists as HSiOJ and SiO^”. 
It is difficult to remove silica from either the brine or the caustic. Silica, alone, may not 
affect the cell performance, but it will precipitate when combined with ionic species such 
as Ca^'^ and Al^“^. The transport mechanism of silica was examined extensively [115- 
120 ], and it is generally accepted that silica accompanies the water flux into the membrane 
where it forms silicate in the alkaline environment prevailing in the membrane. Silicate 
ions in the catholyte, on the other hand, are transported to the membrane by migration. 
As a result, a maximum silica/silicate concentration is reached near the cathode surface 
of the membrane (Fig. 4.8.36). Reaction of Al^“^, AIO 2 , Ca^"^, etc. with silicate in this 
region results in the precipitation [117] of complex sodium-aluminum silicates such as 
faujasite ((Na 2 , Ca, Mg)Al 2 Si 40 i 2 * 8 H 2 O), sodalite [ 3 (Na 2 Al 2 Si 208 ) • 2NaCi], and 
Na 2 Ca 2 Si 207 * H 2 O. The Si 02 and NaCl concentrations of 50% NaOH solution are 
related to the Si 02 concentration in the brine in ppm, the thickness of the membrane (T) 
in microns, and the current density (CD) in kA m“^ as: 

[SiO2/50% NaOH] = ki [Si 02 ]°-^[CD]° ’^[r]®-5 (38) 

[NaCl /50% NaOH] = k 2 [CD]-^‘^[Tr^'^ (39) 

It is interesting to note that while the NaCl content of the product caustic decreases 
with increasing membrane thickness and current density, according to Eq. (39), the silica 
content, as shown by Eq. (38) behaves differently and increases with all three variables. 
The transport mechanism of Si 02 is the same as that described above for sulfate. 

The exact location where these complex silicates are deposited depends on the oper¬ 
ating conditions and the impurity concentrations in the various streams feeding the cell. 
Thus, Bissot’s studies [117] showed calcium silicate of a different composition on the 
cathode side (Fig. 4.8.36), compared to the Ca 2 Si 04 • H 2 O and Ca(OH )2 formed on the 
anode side of the membrane and the absence of any precipitates on the cathode side in 
nine’s studies [120]. It was suggested [119, 120] that this might be due to higher levels 
of calcium when it precipitated as calcium silicate closer to the anode side. 

The difference in the chemical composition of calcium silicate precipitates is not 
a surprising observation, as the phase diagrams of the silicate systems are complex and 
become even more so when other constituents, such as alkali metals and aluminum 
associate with silica [ 121 ]. 

In conclusion, the alkaline earth metal ions, precipitated in the membrane, affect 
both current efficiency and cell voltage. At sufficiently high concentrations, they phys¬ 
ically distort the membrane structure. The effects of the anions, such as sulfate, and 
nonionic species, such as silica, are relatively minor, but these impurities often form 
insoluble compounds with other chemical species entering the membrane, thereby 
seriously affecting the membrane structure. 



346 


CHAPTER 4 



FIGURE 4.8.36. Concentration distribution of silica in the membrane [119]. (With permission from 
E.I. duPont de Nemours & Co, Inc.) 


4.8.5.IE. Iodide. Iodide present in the feed brine is oxidized to periodate inside the 
membrane by the dissolved chlorine in the anolyte: 

r + 4Cl2 + 4 H 2 O ^ IO 4 + 8cr + 8 H+ 

The IO 4 ion goes through the membrane towards the high pH zone and becomes paraperi- 
odate, which precipitates as Na 3 H 2 l 06 in the carboxylate acid layer and reduces the 
current efficiency by as much as 3% during the first 100 days or so of operation. How¬ 
ever, in the presence of Ba^"*", iodide exhibits synergistic behavior. At levels of < 1 ppm 
Ba^“^, and 0.5 to 1 gpl of SO 4 ”, the adverse influence of I*" on the current efficiency is 
negated, I” being evenly distributed in the sulfonic acid layer as a Ba-I compound. At 
higher levels of Ba^“^ (> 1 ppm) and Na 2 S 04 levels of 2-7 gpl, two distinct precipitates 
of Ba-I compounds-one fine and the other large, form in the sulfonate and carboxylate 
layers with no effect on efficiency. When the sulfate levels exceed 10 gpl, a fine precip¬ 
itate of Na 2 S 04 is formed near the carboxylate/sulfonate interface in the membrane and 
on the PTFE reinforcement, resulting in lowered efficiency. Thus, the adverse effect of 
iodide on the current efficiency can be offset depending on the sulfate level in the brine 
(Fig. 4.8.37) [122]. 


4.8.52. Effects of Operating Conditions Membranes function over a wide range of 
conditions, allowing chlor-alkali producers to select electrolyzer designs and process 
conditions. However, if membranes are operated outside the recommended ranges, their 
performance may be adversely affected. The effects of the electrolyzer, anolyte, and 
catholyte operating conditions on membrane performance are addressed here. 

4.8.5.2A. Electrolyzer Conditions 

1. Current density: As current density increases, the cell voltage increases linearly, 
and the current efficiency and the water transport coefficient remain essentially constant. 
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FIGURE 4.8.37. Variation of current efficiency with the sulfate content in the brine (plotted from data in [ 122]. 
•: Asahi Kasei Chemical laboratory data with brine containing 0.5 ppm Ba^“^ and 0.6 ppm 1“ at 4kA m“^, 
90°C, 33% NaOH using Aciplex F-41(X) membrane over 30 days on line. ■: Plant data over 30-40 days on 
line with brine containing 20-30ppb 500ppb I", and 1-2gpl sulfate at 3.5 kA m“^ and 33% NaOH. 


However, when the current density is cycled to capitalize on off-peak power rates, the 
anolyte and caustic concentrations must be carefully controlled to prevent upsets in mem¬ 
brane equilibration. Successful performance at a higher current density requires careful 
design to avoid localized brine depletion and to achieve efficient gas disengagement, 
minimizing bubble entrapment and avoiding pressure surges. 

2. Temperature: As temperature increases in the range 80-90°C, the voltage 
decreases by 5-10mV/°C depending on the current density. The current efficiency is 
unchanged. Membranes are thermally stable in the chlor-alkali environment up to 105°C, 
but performance data are not available at temperatures above 95°C. 

3. Electrode gap: When the gap between the anode and the cathode is reduced, 
the voltage decreases because of the reduced electrolyte resistance. For gaps less than 
2-3 mm, membranes have been designed to avoid gas blinding at the membrane surface 
(which increases the cell voltage), by coating the catholyte side of the membrane with a 
Zr02-based or SiC-based composition. 

4. Differential pressure: Higher hydrostatic pressure on the catholyte side of the 
membrane is recommended, the allowable differential pressure across the membrane 
being based on the electrolyzer design. The correct differential pressure immobilizes 
the membrane and minimizes flutter and vibration, which, over extended periods, can 
cause abrasion or flex-fatigue. Pressure changes due to surging, loss of electrolyte in 
one chamber, or plugging of an exit line may cause cuts or tears in a membrane. Excess¬ 
ive pressure differential may deform the membrane by forcing it into anode openings 
(depending on the cell design), leading to increased voltage and inadequate replenishment 
of the depleted brine between anodes and membranes. 
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4.8.5.2B. Anolyte Conditions 

L Anolyte concentration: NaCl concentrations of less than 170 gpl in the anolyte 
can permanently damage the membrane (i.e., blistering) and result in increased voltage. 
Blistering most commonly involves a separation of sulfonate and carboxylate layers, 
as shown in Fig. 4.8.38. These layers, bonded in the manufacturing process, remain 
intact under normal operating conditions. However, internal forces beyond the strength 
of the interlayer bond can cause blisters. Blisters increase the electrical resistance and 
force more current through the unblistered areas. If the carboxylate layer remains intact, 
there should be little effect on current density. Backward mounting of the membrane 
accidentally can also result in blistering. As shown in Fig. 4.8.39, the property sensitive 
to anolyte strength is the water transport, expressed as the number of moles of water 
per sodium ion passing through the membrane, which increases as the NaCI strength 
decreases. When the water transport capability of the sulfonic layer exceeds that of the 
carboxylic layer, fluid will accumulate, causing separation of the layers. In addition, 
localized brine depletion will lead to increased water transport, which will result in 
lowered mechanical strength. 

2. Acidity: The minimum recommended anolyte pH is 2. Hydrochloric acid is 
sometimes added to the brine to neutralize the hydroxyl ions back-migrating across the 
membrane. This reduces oxygen generation and extends the life of the anode. Excessive 
acid addition or poor mixing can acidify the carboxylate layer of the membrane and des¬ 
troy its functional conductivity, resulting in membrane damage and high voltage. When 
membranes are operating at high current efficiency (96%), little or no acid is needed. 
If membranes in separate electrolyzers are operating at different values of current effi¬ 
ciency, acid addition in the brine feed should be based on the membranes operating at the 
highest current efficiency, unless separate acid feed and anolyte pH measurement systems 
are employed. This will prevent over-acidification of higher efficiency membranes. 

3. Brine impurities: Soluble impurities in the anolyte can diffuse into the membrane, 
assisted by the electric field or water transport through the membrane. The impurities 
may pass harmlessly through the membrane, selectively displace sodium, reducing the 



Cathode 

Layer 



Blistered Membrane 


FIGURE 4.8.38. Schematic of the formation of blisters in membranes. 
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FIGURE 4.8.39. Dependence of water transport on the NaCl concentration in the anolyte [131]. (Reproduced 
with permission of the Society of Chemical Industry.) 


number of active sites available for ion transport, or precipitate and physically disrupt 
the membrane. Many species soluble in the acidic anolyte form insoluble compounds 
in an alkaline environment, often near the cathode-side surface, which is the current 
efficiency-controlling layer. The precipitated material permanently damages the mem¬ 
brane, causing an irreversible decline in current efficiency. Performance may be reduced 
during brine purity upsets, and the original performance may not be completely recovered 
after returning to normal conditions. For example, spiking brine feed with 5 ppm calcium 
for 24 hr can substantially reduce the current efficiency and raise the voltage by 100 mV 
or more. Restoring the brine quality can recover the losses in efficiency only to some 
extent. Damage is cumulative. The recommended levels of impurities and the rationale 
behind these choices are outlined in Section 4.8.6. 

4.8.5.2C, Catholyte Conditions 

1. Caustic concentration: The recommended caustic concentration for a bilayer 
membrane is generally 30-35 wt%, 32-35% NaOH providing the minimum energy con¬ 
sumption. Minor excursions outside the 30-35% range will cause temporary decreases 
in current efficiency. Above 37%, the current efficiency decline may be permanent. Dur¬ 
ing start-ups, the target concentration should be 30-33% NaOH to minimize the risk 
of exposing the membrane to higher caustic concentrations. Current efficiency peaks 
at 34-35%, while cell voltage increases linearly with increasing caustic concentration. 
Above 30% NaOH, water transport through the membrane does not change significantly 
with caustic concentration. 

2. Caustic purity: The recommended feed water quality is a resistance of greater 
than 200,000 ohm-cm (or less than 0.5 ppm calcium). However, impurities entering the 
catholyte compartment generally impose fewer problems than those entering the anolyte. 
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Chloride concentrations are typically less than 50 ppm (as NaCl on 50% NaOH basis). 
The chloride content decreases as current density increases, electrolyzer temperature 
decreases, caustic concentration increases, or anolyte concentration increases. During 
current interruptions, the rate of chloride diffusion through a membrane is about five 
times higher than during operation. Cooling the electrolyzer is the most effective way to 
reduce the diffusion of chloride ions during shutdowns. These measures are also helpful 
in controlling the chlorate levels in the catholyte. 


4.8.6, Membrane Damage 

The composite membranes used in membrane cells are prone to damage for a variety 
of reasons [123,124], some of which are discussed in Section 4.8.5. Obvious forms 
of physical damage are tears, pinholes, and blisters. However, physical damage can 
also arise from brine impurity precipitation and void damage from “low conductivity” 
operation. 

Tears are developed by improper handling of the membranes and by rough anode and 
cathode surfaces. Pinholes are formed either by exposure to rough spots during handling 
or because of excessive differential pressure fluctuations fatiguing the membrane and 
weakening it. The extent of caustic leakage from pinholes can be determined from the 
amount of caustic in the brine when the cell is not energized. 

Blisters, visible to the naked eye, are formed in the membrane because of poor 
operating conditions resulting in localized delamination of the sulfonate and carboxylate 
layers. These blisters are generally greater than 5 mm in diameter in the electrochemically 
active areas. Smaller blisters, called microblisters or voids, are formed in the inactive 
areas. The primary reason for blister formation is the imbalance in the transport of water 
across the two layers of the membrane resulting in either accumulation or depletion of 
water in the membrane. Thus, when the salt strength is low, more water is transported 
across the sulfonate layer. This results in fluid accumulation in the membrane when the 
carboxylate layer cannot allow the passage of more water. This generates high internal 
pressures and delaminates the membrane. When the salt strength is 40 gpl and the caustic 
strength is 32%, for example, the fluid accumulation of 1 ml hr”^ m”^ leads to an internal 
pressure of 120 kg m”^. This pressure is more than sufficient to cause delamination. 

There are three types of blisters, water, salt, and others. Water blisters are formed 
when there is high water transport across the layers. Salt blisters result from localized 
heating of the membrane because of high local current density or nonuniform current 
distribution. Proper cell design can alleviate this problem (Chapter 5). The other type of 
blister arises when the acidity of the anolyte is high. When the anolyte pH is below 2, 
the carboxylate layer protonates to a nonconductive carboxylic acid. This will increase 
the voltage and the internal vapor pressure, and finally result in the formation of voids 
in the carboxylate layer. 

To summarize, the three mechanisms proposed for the formation of blisters are as 
follows. 

1. Delamination by high internal pressure by backward installation of the mem¬ 
branes, reverse water transport during shutdowns, and excessive anolyte 
depletion. 
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2. Voids resulting from poor conductivity as a result of high anolyte acidity, low 
temperature of brine or caustic, high caustic strength, and high local current 
density. 

3. Voids by precipitation in the carboxylate layer because of anode-side blinding 
and impurity deposits. When a nonporous material such as a gasket or grease 
blinds the anode side of the membrane, water will diffuse through the non- 
blinded areas, while caustic dehydrates the membranes in the blinded region. 
As a result, the salt is concentrated and precipitates in the carboxylate layer, cre¬ 
ating voids and hence, holes in the membrane. This is called anode-side blinding 
and is observed near the anode welds and along the perimeter in the gasket area. 
Perimeter blistering occurs in the gas phase at the top of the electrolyzer and can 
be avoided by keeping the cell flooded all times. 

Membrane blistering can also occur during shutdowns, when reverse currents flow and 
water is transported from the cathode side to the anode side. A similar situation arises 
when a membrane is installed backward. The accumulation of water in the membranes 
leads to void formation. It is, therefore, essential that the reverse currents be suppressed 
by flushing the cell to remove the hypochlorite, by lowering the temperature to lower 
the diffusion rates, and by maintaining the same electrolyte concentrations in both the 
compartments. Dilution of the catholyte, or continuous flow of the anolyte is neces¬ 
sary to reduce diffusion/anolyte dehydration with salt deposits on the anode face of the 
membrane. 

Voids are formed when the temperature is low and when the caustic strength is 
high. Since the water content of the membrane decreases with decreasing temperature 
and increasing caustic concentration, it is necessary that the water content of the mem¬ 
brane be maintained at a given temperature by choosing the appropriate caustic strength. 
For example, at 70°C or less, the suggested caustic strength is 28-30%. Departure from 
this condition may lead to the formation of voids as a result of localized increase in 
the resistance of the membrane (because of low water content at low temperatures) and 
therefore, local overheating during operation. It might be worth noting that the membrane 
conductivity is also related to temperature (Fig. 4.8.40). 

Precipitation of impurities in the sulfonate or the carboxylate layer disrupts the 
transport properties of water and sodium ions. Impurity precipitation usually roughens 



FIGURE 4.8.40. Variation of membrane conductivity with caustic concentration and temperature [123], (With 
permission from E.I. duPont de Nemours & Co., Inc.) 
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the cathode layer through the formation of mini voids, which can enhance the back 
migration of hydroxyl ions. This roughening does not lead to a weak membrane 
and pinholes. Impurity precipitation can also tie up exchange sites and increase 
voltage. 

4,8. 7. Brine Purity Specifications 

As briefly stated in Section 4.8.5, the impurity specifications imposed on the brine 
are dictated by the very nature of the structural features of the membrane. Thus, it 
is generally acknowledged that the membranes are composed of a backbone structure 
with crystalline PTFE segments and clusters containing the ion-exchange groups. The 
“heart” of the membrane is these clusters, 5 nm in diameter and connected to each other 
by narrow channels of 1 nm in diameter. It is through these structures that the ionic 
species and water molecules are transported during electrolysis. 

Keating [119] has estimated the brine flow over a 28-month time span to be about 
200,000 kg m“^ of membrane, at a brine flow rate of 200-250 kg day” ^ and at a cur¬ 
rent density of 5 kA m”^. If the impurity concentration is 1 ppm, then the amount of 
impurities that are lodged in the membrane can be as much as 200 g. This is 50% of 
the total membrane weight of 400 gm”^. If the total weight of the impurities in the 
membrane is to be restricted to a number of grams, the impurity levels must be in the 
ppb range. 

One also can estimate the number of ion-exchange sites in a membrane by assuming 
a cluster diameter of 5 nm and a membrane thickness of 250 |JLm. The number of clusters 
for this case will be 3.6 x 10^^ m“^. With 10 exchange sites per cluster, the total number 
is 3.6 X 10^^ m”^. At a brine flow of 200 kg day”^ with 10 ppb of Ca of which 10% of it 
is blocking the sites, it can be shown that it takes less than a year to block all the sites in 
the membrane, rendering it ineffective for ion exchange. This calculation is not precise 
and has been made with several assumptions. Nevertheless, it emphasizes the fact that 
there are a finite number of sites available for exchange of ions in any given membrane 
and very low impurity levels in the brine can very quickly block them. 

The exact specifications depend on the membrane, cell design, and operating con¬ 
ditions [125-127], The brine specifications recommended by membrane suppliers are 
shown in Table 4.8.8, and Table 4.8.9 describes the impurities and possible mechan¬ 
isms of membrane damage. The reader is referred to the Appendix, where the effects of 
impurities are summarized along with the recommended analytical methods suggested 
by the membrane manufacturers. References [128-131] provide a discussion on brine 
treatment costs vs membrane costs. 

Electrochemical experiments to measure cell voltage and current efficiency are 
simple, direct, and useful for the investigation of membrane performance. Visual and 
microscopic observations are indispensable. Visual inspection is the principal method 
used for determining the soundness of the membrane surface. SEM is quite useful for 
the inspection of morphology of the surface or cross-sections. It can be used to identify 
deposits of impurities. XRD and X-ray fluorescence spectroscopy (XRF) are useful 
for the semiquantitative determination of impurity accumulation and distribution [126]. 
Table 4.8.10 [132] summarizes the recommended methods for detecting the physical and 
chemical damage to membranes. 



TABLE 4.8.8 Brine Specifications for Membrane Electrolyzers 
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TABLE 4 . 8.9 Adverse Effects of Brine Impurities on Membrane Performance (From 
Ref. [ 127 ]; Summary of Findings by Japan Soda Industry Association, as Modified by 
Asahi Kasei-Based Experience and Investigations) 


Impurity 

(specs) 


Membrane 

Electrodes 


Iiiti ameiiibi au* 
precipitate 

CE 

CV 

Ano 

Cat 

Observations 

Ca (30 ppb) 

Ca(OH)2 

** 

0 

0 

0 

Large effect, worsens with 
Si02. 

Mg 

Mg(OH)2 

X 

** 

0 

0 

Large rise in cell voltage, 
small effect on current 
efficiency. 

Sr (500 ppb) 

Sr(0H)2H20 

** 

0 

0 

0 

Effect worsens with Si02. 

Ba (1000 ppb) 

Ba(OH)2H20 

0 

0 

** 

0 

Small effect by itself, large 
effect with iodide. 

Al (100 ppb) 

A 1 ( 0 H )3 

X 

0 

0 

0 

No effect alone, some effect 
with Si02. 

Fe (< 0.2 ppm) 

Fe(OH)3 

0 

** 


** 

Deposits on the anode face of 
the membrane. 

Ni (< 0.1 ppm) 

Ni304,Ni203, 

NiO(OH) 

0 


0 

0 

Deposits in the anode side of 
the membrane and in contact 
with Ni-based activated 
cathodes. 

Hg(< 15 ppm) 


0 

0 

0 

** 

Increase the cathodic 
overvoltage, effect generally 
reversible. 

F 


0 

0 

** 

0 

No effect on membrane. 

I (10 ppm) 

Na 3 H 2 l 06 



0 

0 

Effect aggravated with Ba. 

Si02 (10 ppm) 


** 

0 

0 

0 

Effect worse with Ca,Sr, or Al 

SO4 (lOgpI) 

Na2S04 

in* 

0 

** 

0 

Low levels reduce the effect of 
Ba^"^; high levels result in 
precipitates, lowers CE. 

NaC103(<20gpI) 


0 

0 

0 

0 

Diffuses through membrane, 
affects product caustic quality. 

Ca + Si02 

Na2Ca2Si207 * 

H20 ** 

0 

0 

0 

Large effect on CE. 

Ba2+ + r 

Ba3H4(I06)2 

** 

0 


0 

Affects CE (fine particles 
precipitate in the membrane). 

Al + Si 02 

Na 2 Al 2 Si 30 io 

• H20** 

0 

0 

0 

Forms complexes and 
precipitate in the membrane. 

C “}■ Al Si 02 


** 

0 

0 

0 

Zeolite like precipitates in the 
membrane. 

Suspended solids 


** 

** 

0 

0 

Dissolves in the electrolyzer. 


releasing Ca, Mg, and other 
impurities. 


Note'. CE; current efficiency; CV: cell voltage; Ano: anode; Cat: cathode; **: clear adverse effect; x: small effect; 
o: no observed effect 
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TABLE 4 . 8.10 Methods for the Determination of Pores, Holes, and 
Tears in the Membrane [ 130 ] 


Method of detection 

Advantages 

Disadvantages 

Gas analysis of H2 and O2 in 
the anode gases 

1 . Possible during cell operations 

2 . Use of online analyzers 

3 . Locates damaged electrolyzer 

4 . Detects large holes 

1 , Dilution by anode gas from 
other cells 

2 , Does not locate damaged 
membranes 

Titration of anolyte caustic 
content 

1 . Fast 

2 . Use of online analyzers 

3 . Locates damaged electrolyzer 

4 . Detects large holes 

1 . Only possible during 
shutdown 

2 . Dilution by anolyte from 
other cells 

3 . Does not locate damaged 
membranes 

Cell voltage measurement at 
low current density 

1 . Fast 

2 . Locates damaged membranes 

3 . Detects large holes 

1 . Only possible during 
startup 

2 . Only possible with bipolar 
electrolyzers 

Determination of N2 flow 
through membranes 

1 . Locates all damaged membranes 

1 . Only possible with drained 
eletrolyzers 

2 . Single cells must be 
accessible 

3 . Slow 


4,8,8, High Performance Membranes—New Developments 

4,8,8.1, Design of Membranes: General Aspects, Ideal membranes would have high 
chemical and physical stability, uniform strength and flexibility, high current efficiency, 
low electrical resistance, and low rates of electrolyte diffusion. These characteristics have 
been the subject of a great deal of research and developmental effort. The highlights are 
noted below. 


4.8.8.lA. Exchange Groups. The original membranes developed by DuPont in the 
1960s and 1970s contained only sulfonate groups. Sulfonic acid is a strong acid 
and absorbs water, which reduces current efficiency by allowing increased back- 
flow of hydroxyl ions from the catholyte to the anolyte. All sulfonic group-based 
membranes have desired properties such as chemical stability and low electrical res¬ 
istance (Table 4.8.11). Asahi Chemical discovered that membranes with only carboxylic 
acid groups show a much higher efficiency since they hold less water. The low dissoci¬ 
ation constant of the carboxylic acid, however, gives them low electrical conductivity. 
Electrical resistance increases linearly as thickness increases, but efficiency improve¬ 
ments level off at a thickness of about 7 |xm. For this reason, it is advantageous to utilize 
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TABLE 4 . 8.11 Membrane Properties Classified by Ion-Exchange 
Group and Membrane Structure [ 42 ] 


Ion-exchange group 

/e/SOsH 

Rf SO2NHR 

Rf COOU 

/?/S03H//?/C00H 

pK^ 

<1 

8-9 

2-3 

2 - 3 /<l 

Hydrophilicity 

High 

Very low 

Low 

Low/High 

Water content 

High 

Very low 

Low 

Low/High 

Current efficiency(%); 8N NaOH 

75 

88 

96 

96 

Electric resistance 

Low 

Very high 

High 

Low 

Chemical stability 

Very high 

Low 

High 

High 

Handling condition (pH) 

>1 

>10 

>3 

>3 

pH of anolyte 

>1 

>10 

>3 

>1 

Neutralization of OH~ by HCl 

Applicable 

Impossible 

Impossible 

Applicable 

O2 in product CI2 

< 0 . 5 % 

>2% 

>2% 

< 0 . 5 % 

Anode life 

Long 

Short 

Short 

Long 

Current density 

High 

Low 

Low 

High 

Necessary number of cells 

Large 

Large 

Large 

Small 


a multilayer membrane, containing both carboxylate and sulfonate layers. Important 
considerations in the design of the multilayer membrane are as follows: 

L The presence of a thin carboxylate layer in the membrane surface facing the 
catholyte is effective for realizing low unit energy consumption, as it results 
in high efficiency and low electrical resistance. The minimum thickness of the 
carboxylic acid layer is related to the ion-exchange capacity. In the normal range 
of ion-exchange capacities, a 10|xm thickness is sufficient. With a thickness 
greater than 10 (xm, little change in current efficiency occurs, but the resistance 
increases. 

2. Increasing the thickness of the carboxylic acid layer can effectively decrease 
the chloride content in the product caustic soda. Beyond a certain thickness this 
effect diminishes. Hence, a proper choice of thickness is critical to achieve high 
product quality without paying an energy penalty. 

3. Increasing the thickness of the carboxylic acid layer tends to alleviate mechanical 
damage and stress on the membrane. Beyond a certain thickness, however, this 
effect diminishes and an optimum thickness also exists in this regard. 

4. Addition of HCl to the anolyte increases the purity of the product chlorine and 
increases the service life of anode as well. Because of the high of the 
carboxylic acid group, it is impossible to add HCl to completely neutralize 
the hydroxyl ion diffusing from the catholyte. Therefore, it would be difficult 
to obtain an oxygen content of less than 1.5% in the product chlorine. With 
the membrane containing both sulfonic and carboxylic acid groups, sufficient 
addition of acid becomes possible and an oxygen content of 0.5% or less can be 
obtained in the product chlorine. This also results in prolonged life of the anode. 

4.8.8.1B. Exchange Capacity. The degree of ionic permselectivity of the membrane is 
determined by the number of exchange groups and hence, the fixed-ion concentration 
in the membrane. During electrolysis, the water content of the membrane decreases 
with increasing caustic soda concentration. The fixed-ion concentration thus increases. 
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FIGURE 4.8.41. Variation of current efficiency with caustic strength for a bilayer membrane (prepared by 
chemical modification) at various ion-exchange capacities [98]. (Reproduced with permission of the Society 
of Chemical Industry.) 


leading to the maximum level of current efficiency. This level varies with ion-exchange 
capacity and the optimum ion-exchange capacity of caustic soda to be obtained from 
the catholyte compartment. The ion-exchange capacity must also be selected to result in 
the long-term stability of the cell voltage. Figure 4.8.41 shows the relationship between 
caustic soda concentration, ion-exchange capacity, and current efficiency. The designed 
ion-exchange capacity of the sulfonic acid layer is higher than that of the carboxylic 
acid layer. 


4.8,8.1C. Anolyte Concentration. The concentration of NaCl in the anolyte directly 
influences cell voltage, current efficiency, and NaCl content in the caustic soda. The NaCl 
concentration is chosen to provide the optimum of these three characteristics. It must be 
above 180gL“^ to avoid irreversible membrane damage. For stable current efficiency, 
the concentration must be above 200 g L" ^. 


4.8.8.ID. Catholyte Concentration. The membrane’s performance is strongly affected 
by the caustic concentration in the catholyte, and its composition is designed to give 
low unit energy consumption at the desired caustic concentration. Each type of mem¬ 
brane has its own optimum catholyte concentration, at which it operates at a minimum 
energy consumption. In addition to unit energy consumption, factors such as product 
quality, mechanical strength, and long-term stability of performance are considered in 
the ultimate determination of the membrane composition. 


4.8.8.IE. Factors Determining the Chloride Content in Caustic Soda. Quality require¬ 
ments for product caustic soda depend on the intended use. The effect of sodium chloride 
content varies considerably among fields of use such as papermaking, fiber and textiles, 
food products, and pharmaceuticals. In some of these, even trace amounts of chloride 
ions may lead to difficulties. Membrane design and electrolysis conditions are properly 
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chosen to obtain low Cl“ levels in caustic by using thick membrane and carboxylic 
layers, which tend to increase the cell voltage. This requires, again, the judicious choice 
of the membrane characteristics. Another problem arises when chloride ions diffuse 
through membranes at shutdown. KOH is more susceptible than NaOH to this problem. 


4.8.8.IF. Influence of Reinforcing Material. Vigorous agitation is necessary in the 
anolyte to ensure the transport of ions across the boundary layer near the membrane, and 
a rigid planar membrane surface must be maintained during electrolysis. Any curvature 
in the surface will lead to local stagnation of the electrolyte and polarization, which 
in turn will distort the membrane surface and reduce local current density. To obtain a 
rigid planar membrane surface, dimensionally stable FIFE woven reinforcing cloth is 
used to reinforce the membrane. Reinforcement is also necessary to prevent damage or 
tearing of the membrane. The mechanical properties of the membrane, particularly its 
tensile and tear strength, are greatly improved by reinforcement. However, the reinfor¬ 
cing material also increases the resistance of the membrane as shown in Figs. 4.8.42 A 
and B, depending on the reinforcement and the type of weave. 


4.8.8.1G. Physical Relaxation. One of the major objectives in ion-exchange membrane 
development is the elimination of the decline in current efficiency due to physical relax¬ 
ation. This phenomenon cannot be completely avoided with the present ion-exchange 
membranes, regardless of their carboxylic acid layer thickness. The ion-exchange mem¬ 
brane contains three types of domains. In the first type, the C-F regions exhibit a strong 
degree of intermolecular attraction and clustering with crystalline characteristics. The 
second type is marked by the presence of hydrophilic exchange groups that exert a strong 
swelling effect. The third domain contains a small number of exchange groups and has 
intermediate characteristics. The performance of the membrane depends on the relat¬ 
ive ratio of these domains. In long-term operations, the intermediate domain undergoes 
changes due to microphase separation, resulting in a shift in the optimum operating 
conditions and a consequent decline in current efficiency. Inappropriate use of the mem¬ 
brane will also accelerate this decline. This shift includes an increase in the optimum 
caustic soda concentration, aggravating the microphase separation. Thus, it is possible to 
maintain a high level of current efficiency in long-term operation by appropriate upward 
adjustment of the operating caustic soda concentration [133]. 


4.8.82, Operation of Membranes. Bilayer membranes separate CI 2 and NaOH very 
efficiently. The best performance from these membranes can be sustained over a long 
period of time only when the physical, chemical, and mechanical integrity of the mem¬ 
brane is preserved. As discussed in earlier sections, the physical characteristics of the 
membranes depend not only on their architecture, but also on the water content. The 
latter should be kept unaltered over the entire surface of the membrane, both during 
electrolysis and when the power is off. The membrane must be taut, free of pinholes, and 
not subjected to any variation in pressure or water content that will change the localized 
water content and not cause wrinkles in the membrane. Any local depletion of the brine 
concentration will cause wrinkles to form, where either a tear can develop or pinholes 
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FIGURE 4.8.42. A: Tensile strength vs area of membrane reinforcement (taking the tensile strength of unrein¬ 
forced membrane to be one). B: Electric resistance vs area of membrane reinforcement (taking the electric 
resistance of unreinforced membrane to be one). In Leno weave, the vertical strands are double twisted and 
the horizontal strands are single twisted. (With permission from E.I. duPont de Nemours & Co, Inc.) 


can form. It is for this reason that all membrane cell technology suppliers have modified 
their cells to provide good mass transfer in the cells via internal or external circulation. 

In addition, the membrane is prone to develop salt blisters in (1) the gas zone in 
the anolyte compartment, (2) gasket areas, and (3) regions where gas bubbles adhere 
to the membrane. The term “salt blister” describes the deposition of salt in the mem¬ 
brane because of a localized increase in the salt concentration. Complete flooding of 
the electrolyzers and proper gasket assembly prevent the formation of salt blisters. Gas 
bubble adhesion is suppressed by pressuring the cell (to lower the void fraction and gas 
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bubble size), and by coating both sides of the membrane with valve metal oxide in order 
to prevent the sticking of gas bubbles. 

Finally, as mentioned above, it is imperative that the brine quality is excellent so that 
no impurities are deposited in the membrane, disrupting its structure and its chemical 
integrity. Thus, all efforts, be they operations-related or design-related, should preserve 
the physical, mechanical, and chemical properties of the membrane during electrolysis 
to realize sustained maximal performance from the membrane. 


4,8.8.3. Membrane Technology Developments. The three maj or membrane suppliers are 
DuPont, Asahi Glass, and Asahi Kasei. All these manufacturers are constantly striving 
to improve membranes to achieve low energy consumption, long life, and insensitivity 
to impurities and upsets in operation. 

Asahi Glass developed Flemion® membranes [134-141] exhibiting high ion- 
exchange capacity and permselectivity for Na'^. Early versions showed increased voltage 
at a low anode-cathode gap due to the gas blinding effect. This led to the development 
of Flemion DX for use in their zero-gap electrolyzer, AZEC, which eliminated the void 
fraction-related effect by applying a nonconductive metal oxide to the membrane in 
order to induce hydrophilicity (Fig. 4.8.43) [135,136]. Figure 4.8.43 shows DX723 and 
DX753, which are not discussed here. 

A low-resistance membrane, F-8934, recently developed by Asahi Glass [141], has 
operated at a current density of 8kAm“^, at 2300 DC kWhton”^ Its resistance was 
reported to be 25% lower than the F-893 membrane, and it gave an energy reduction of 
30^0 kWh ton“^ compared to the F-893 membrane at 3^kA m“^. 



FIGURE 4.8.43. Cell voltage vs electrode gap with anolyte containing 200 gpl NaCl and catholyte containing 
35% NaOH at 90°C and at 2 kA [135]. (Reproduced with permission of the Society of Chemical Industry.) 
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Anode Side Cathode Side 


FIGURE 4.8.44. Role of the components constituting an ion exchange membrane [127]. Si and S 2 refer 
to sulfonic layers of different thicknesses and equivalent weights. (With permission from ELTECH Systems 
Corporation.) 


A newer membrane, AG 8020, is claimed to exhibit resistance to iodide in the 
feed brine and the results from tests at an unidentified plant over a period of 1 year at 
^4 kA m~^ have shown no decline in efficiency. 

The membranes developed by Asahi Kasei are called Aciplex®-F membranes and 
the typical structure is shown in Fig. 4.8,44 [127]. There are two classes of Asahi Kasei 
membranes available, depending on the desired caustic strength. F-2200 series mem¬ 
branes (i.e., F2202, F2201, F2204, and F2205) are suitable for producing 20-24% caustic 
at high efficiencies. For operation to generate 30-34% caustic, three series of membranes 
were developed. All are designed to offer high tolerance to the impurities in brine, the 
distinguishing feature between them being the incorporation of sacrificial threads that 
provide high openness in the membranes. F-4100 series (i.e., F4101, F4111, and F4112) 
membranes contain no sacrificial threads and are non-coated, whereas the F-4200 series 
(i.e., F4201, F4202, and F4203) are coated membranes with no sacrificial threads. These 
membranes exhibit high mechanical strength and offer low cell voltage. 

The F-4400 series of Asahi Kasei contain sacrificial threads and coatings on either 
side of the membranes that facilitate gas release. Besides providing mechanical strength 
and low voltage, these membranes (F4402X, F4401C, and F4401) are designed to operate 
at high current densities with a low energy consumption. The F-4400 series are resistant to 
brine impurities, and F4401, in particular, was shown to be resistant to iodide in the brine 
in operating plants over 2 years. Tables 4.8.12 and 4.8.13 summarize the developments 
of Asahi Kasei. 
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TABLE 4.8.12 Description of Asahi Kasei Membranes 


Membrane type 

Surface 

modification Features 

F2200 

F2202 

For low concentration caustic 


F2204 

production, no sacrificial threads. 


F2205X 


F4100 

F4111 

For finite gap cells, non-coated, no 


F4112 

sacrificial threads. 

F4200 

F4201 

For high concentration caustic 


F4202 

production in finite and zero-gap cells. 


F4203 

coated, no sacrificial threads. 

F4400 

F4401 

For high concentration caustic 


F4401C 

production in finite and zero-gap cells. 


F4402 

coated with sacrificial threads. 


TABLE 4.8.13 Laboratory Cell Performance Data^ 
for Asahi Kasei Membranes 


Finite gap cells 


Membrane type 

Cell voltage (V) 

Current efficiency (%) 

F2202 

3.1 

97 

F2204 

3.02 

97.5 

F2205X 

2.95 

97 

F4in 

3.2 

97.5 

F4112 

3.12 

97 

F4201 

3.1 

97 

F4202 

3.02 

97 

F4203 

2.97 

97 

F4401 

2.92 

97.5 

F4401C 

2,95 

98 

F4402 

2.95 

97 


Note: 

^current density: 4 kA • m“^; 32% NaOH (23% for F-2200 series); 
205 gl“* anolyte NaCl; 90°C; 1.5 mm gap; activated cathode. 


DuPont’s bilayer membranes generally comprise the elements shown in Fig. 4.8.45 
[105,142-144], the first bilayer membrane introduced in 1982 being N901. Several 
modifications and improvements were made to this basic structure, and this series of 
membranes is shown in Tables 4.8.14 and 4.8.15. 

One of the changes in the design of these membranes is the nature of the reinforce¬ 
ment (Fig. 4.8.45). The earlier DuPont membranes had a twisted PTFE ribbon behind 
which the impurities lodged in the sulfonate layer. Replacement with a PTFE filament 
not only retained the mechanical strength but also reduced the ‘‘shadow” area behind the 
filament. This increased the active area, which reflected in improved current distribution 
and water influx, and increased tolerance to impurities. 
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New Style 



FIGURE 4.8.45. Shadow minimization with changing reinforcement configuration [144]. (With permission 
from E.I. duPont de Nemours & Co, Inc.) 


Another important development is the nature of the fabric architecture. Figure 4.8.46 
classifies the various membranes according to the type of polymer and the number 
of reinforcing fibers used. The use of more and thinner fibers increases mechanical 
strength (Table 4.8.16), besides providing low voltage and high efficiency. Thus, Nafion® 
2002 showed 120 mV less than N90209, and 110 mV less than N960 membrane, at a 
current efficiency of >96% at the same current density. The NE 2010, which is the next 
generation of NX 982, was found to offer a voltage savings of 50 mV compared to 981, 
with significant resistance to Ni, Mg, and I in plant tests. 
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TABLE 4.8.14 Description of DuPont Membranes 


Membrane type 

Surface 

modification 

Cell gap 

Features 

N90209 

None 

Finite 

Introduced in 1982, still widely used in 
many types of cells. 

N954 

Cathode side 

Finite and 

narrow 

Cathode side surface modification 
allowed narrow gap cell operation to 
realize lower voltage than N90209. 

N961 

Cathode side 

Finite and 

narrow 

Introduced in 1985, provides low 
voltage. 

N962 

Anode and 

cathode side 

Finite and 

narrow 

Anode side modified version of N961 for 
better voltage stability. 

N966 

Anode and 
cathode side 

Finite and 

narrow 

Very high strength allows easier handling 
and more resistance to operational 
upsets. 

NX2002 

Anode and 
cathode side 

Finite and 

narrow 

Lower voltage but similar in strength to 
N966. 

N981 

Anode and 
cathode side 

Finite and 

narrow 

Lower voltage and improved brine 
imputity resistance achieved by 
polymer reinforcement and architecture 
modifications. 

NX982 

Anode and 
cathode side 

Finite and 

narrow 

Same performance as N981 with a 
stronger fabric. 

NX2010 

Anode and 
cathode side 

Finite and 

narrow 

Lower voltage with the same strength as 
NX982. 


TABLE 4.8.15 Laboratory Cell Performance Data for Nafion® 
Membranes Noted in Table 4.8.14 


Finite 

gap cell“ 

Narrow gap cell^ 

Membrane 

Cell voltage 

Current 

Cell voltage 

Current 

type 

(V) 

efficiency (%) 

(V) 

efficiency(%) 

N90209 

3.43 

>95 

_ 

_ 

N954 

3.38 

>95 

3.15 

>95 

N96I 

— 

— 

3.05 

>95 

N962 

— 

— 

3.05 

>95 

N966 

3.4 

>95 

3.15 

>95 

NX2002 

— 

— 

3 

>95 

N981 

— 

— 

2.95 

>95 

NX982 

— 

— 

2.95 

>95 

NX2010 

— 

— 

2.92 

>95 


Notes: 

Conditions: 3 mm gap, DSA anode, bare Ni cathode, 32% NaOH, 200 gpl anolyte, 
90®C, 3.1kAm-2. 

^Conditions: 0 mm gap, DSA anode, activated Ni cathode, 32% NaOH, 200 gpl 
anolyte, 90®C, 3.1 kAm“^. 
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Relative 
Window Size 

Fabric 
threads per inch 


8-9 


15 


15 


□ 

□ 

□ 

25 

25 

25 


Polymer 

Group 

1 N961 N90209/954 N966 

2 NX981 NX982 NX2002 

3 NE2010 


FIGURE 4.8.46. Fabric architecture of Nafion membranes [144]. (With permission from E.I. duPont de 
Nemours & Co, Inc.) 


TABLE 4,8.16 Physical Properties of DuPont Membranes 



961 

981 

90209/954 

982/2010 

966/2002 

Threads cm~^ 

3,3 

5.9 

5.9 

9.8 

9.8 

Denier 

200 

100 

200 

100 

200 

Tenacity (g d“ ^) 

3 

3 

3 

3 

3 

Tear {kg^ 

0.8 

1.5 

2.5 

2.4 

5 

Tensile strength (kgcm“^) 

3.5 

3 

5.6 

4 

7.5 


Thus, all the membrane manufacturers are focusing on a new class of structured 
membranes to achieve energy savings and tolerance to operational upsets. 

Presently, commercial cells operate at caustic strengths of 32-35%, which require 
evaporation to produce the 50% product. Generally, the current efficiency vs NaOH 
concentration curves exhibit a maximum, which moves in the direction of higher concen¬ 
tration as the ion-exchange capacity increases to 0.8 m.eq g“^ dry resin [42,98,122,145- 
148], Efforts will be in the direction of generating higher percentage caustic (at higher 
efficiency) in the future. 


APPENDIX 4.8.1: EFFECTS OF IMPURITIES ON THE PERFORMANCE OF 
MEMBRANES (REPRODUCED FROM NAFION® TECHNICAL INFORMATION 
BULLETIN 91-08, BY PERMISSION OF THE DUPONT COMPANY) 


Calcium (Ca) 

Effect on Membrane: Calcium deposits as hydroxide, silicate, aluminate, and other 
compounds in the cathode layer of the membrane, and causes physical disruption (holes). 
Current efficiency can decline to as low as 85%. 
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Mechanism of Damage: Calcium salts deposit as large crystals in the carboxyl 
polymer near the cathode surface of the membrane. This causes physical disruption of 
the otherwise smooth polymer layer. Electron micrographs show craters and holes in the 
membrane surface. 

Control Method—Commercial Experience: Calcium can effectively be removed 
from brine by ion-exchange treatment. Levels below 20ppb are routinely achieved and 
values below lOppb have been reported. 

Research Results: In a laboratory cell, brine, spiked with 5 ppm Ca^"^, lowered the 
current efficiency to ^90% in 90 days. The current efficiency (CE) decline at various 
levels of Ca^"^ is noted below. 


Ca2+ (ppb) 

% loss in CE 

Time (days) 

1000 

6 

50 

500 

6 

13 

400 

3.5 

12 

200 

2.5 

35 


Recommended Analytical Methods 

1. Colorimetry with a spectrophotometer and Hach reagents (Hach Company, 
Handbook of Brine Analysis, 2nd Edition, p. 9). Note: Detects Ca + Mg. 

2. Inductively coupled plasma (ICP) chromatography or AA graphite furnace. 


Magnesium (Mg) 

Effect on Membrane: Magnesium in brine will increase voltage, but does not affect 
the current efficiency. A level of 5 ppm Mg in brine will increase the voltage by 100 mV 
in 2 days, 200 mV in 4 days. 

Mechanism of Damage: Magnesium has low solubility at high pH, and will deposit 
as a fine particulate hydroxide primarily on the anode side of the membrane. 

Control Method—Commercial Experience: Magnesium is present in most brines 
and is usually considered together with calcium as hardness, because the colorimetric 
analysis used does not distinguish between the cations. However, the ratio of calcium 
to magnesium influences the efficacy of the treatment of the brine, where the calcium 
carbonate and the magnesium hydroxide are made insoluble by the addition of soda 
ash and caustic soda to the raw brine. The efficiency with which those insolubles settle 
depends on the ratio of calcium to magnesium. If the ratio is two or greater, settling 
will usually occur unassisted. At lower ratios, a flocculating agent (acrylamides and 
acrylic acid) is added to facilitate settling. It is also important to prevent temperature- 
induced convection in the settling tank from disturbing the settling or redepositing of the 
precipitates. Efficient precipitation of the magnesium hydroxide in the primary treatment 
stage is necessary because at the high pH of brine, the hydroxide remains unionized and 
passes through the ion-exchange columns as a suspension in the brine. The more soluble 
calcium is removed by releasing the magnesium ion, which can enter the membrane and 
raise the voltage, if present, in sufficient quantity. 
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Recommended Analytical Methods: To analyze electrolyzer feed brine after the 
ion-exchanger, it is advisable to acidify the sample before testing. This will dissolve 
any magnesium hydroxide precipitates and make it detectable by colorimeter analysis. 
Such analysis will reveal any magnesium breakthrough because of upsets in the primary 
treatment. 

1. Colorimetry with a spectrophotometer and Hach reagents (Hach Company, 
Handbook of Brine Anaylsis, 2nd Edition, p. 9). Note: Detects Ca H- Mg. 

2. ICP chromatography or AA graphite furnace. 

Strontium (Sr) 

Effect on Membrane: Excessive strontium in the brine raises the voltage and 
decreases the current efficiency. DuPont laboratory tests have shown that a voltage rise of 
50 mV and a current efficiency decline of 3% can occur with large strontium excursions 
(e.g., 5 ppm for 1 month). 

Mechanism of Damage: Strontium belongs to the alkaline earth family along with 
Mg, Ca, and Ba. Solubility of strontium hydroxide is greater than that of magnesium 
and calcium hydroxides (The order of solubility of the alkaline earth hydroxides is 
Mg < Ca < Sr < Ba). Consequently, strontium hydroxide will deposit near the cathode 
side of the membrane and cause physical damage to the polymer. 

Control Method—Commercial Experience: Strontium is adsorbed on ion-exchange 
columns, but not as strongly as calcium. Furthermore, if an ion-exchange column is 
saturated with strontium, incoming calcium will displace strontium and release it to the 
brine system. Therefore, if strontium is known to be a significant impurity in the brine, 
the ion-exchange columns should be monitored for breakthrough of this ion, as well as 
calcium, and should be regenerated on that basis. 

Recommended Analytical Methods: 

1. ICP chromatography. 

2. AA graphite furnace. 

Barium (Ba) 

Effect on Membrane: Barium, which precipitates as hydroxide or with iodine as 
paraperiodate, Ba3(H2l06)2, slightly reduces current efficiency (0.5-1.0%) and causes 
small voltage increases (approximately 50 mV). 

Mechanism of Damage: Barium will form finely divided periodate salts that deposit 
throughout the membrane. 

Control Method—Commercial Experience: Barium can be removed by ion- 
exchange similar to calcium and behaves like Sr. If an ion-exchange column is saturated 
with barium, the incoming calcium will displace barium and release it to the brine sys¬ 
tem. Therefore, the ion-exchange columns should be monitored for breakthrough of this 
ion, as well as calcium, and should be regenerated on that basis. 

Recommended Analytical Methods: 

1. ICP chromatography. 

2. AA graphite furnace. 
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Nickel (Ni) 

Effect on Membrane: Nickel precipitates as Ni-oxides on the anode side of the 
membrane, resulting in increased cell voltage. The voltage escalation (AV), arising 
from the Ni levels in brine is shown below: 


Ni (ppb) 

AV (mV after 50 days) 

10 

90 

25 

120 

100 

170 


Mechanism of Damage: Ni species from the brine or from the caustic side 
where it exists as HNiOJ can form Ni-oxides in the sulfonate layer and/or the 
sulfonate/carboxylate interface. 

Control Method—Commercial Experience: Ni can be removed as Ni-oxide by react¬ 
ing the raw brine with hypochlorite, followed by filtration or by ion-exchange with 
Duolite 467 resin at pH 2-3 to achieve levels of <2 ppb. 

Recommended Analytical Methods: Extraction with methyl isobutyl ketone by 
complexing it with ammonium pyrrolidine dithiocarbonate, followed by evaporation 
to dryness, dissolving the residue in 5% HNO 3 , and analyzing by ICP technique. 


Iodine (1) 

Effect on Membrane: Iodine is sometimes present as an impurity in the raw salt and 
brine as iodide or iodate. It can precipitate as insoluble sodium paraperiodate near the 
membrane cathode layer, reducing the current efficiency. 

Mechanism of Damage: The mechanism of iodine damage is known from DuPont 
research on brine impurity effects. Iodine, which is present as iodide, is oxidized to 
iodate, IO 3 , in the anolyte. A fraction of the iodate passes into the membrane, where 
it is oxidized to periodate, 10^. The sodium salt of periodate is only slightly soluble in 
alkaline solution. If the periodate concentration is high enough, sodium paraperiodate, 
Na 3 H 2 l 06 , precipitates, damaging the cathode layer and reducing current efficiency. 
Periodate in the membrane reacts with calcium and barium and other alkaline earth 
cations to form precipitates. The precipitates are finely divided and do not damage 
the membrane physically, and do not affect current efficiency or voltage. Iodide is not 
reported to be a problem in KCl electrolysis. This is probably a result of the increased 
solubility of potassium periodate with pH, unlike the sodium periodate whose solubility 
decreases with increasing pH. 

Control Method—Commercial Experience: There is no effective method to chem¬ 
ically remove iodine from brine. However, ion-exchange methods are being developed 
to remove I 2 generated by treating the brine with chlorine (see Chapter 5 for details). 

Recent Research: With brine containing Ippm iodide and 20-30 ppb calcium, 
iodine accumulates at the rate of '^lOmgdm^year"^ with no change in current effi¬ 
ciency or voltage. This rate of accumulation will not affect performance in commercial 
use, as experience has demonstrated. However, at iodine levels above 1 ppm and at 
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normal hardness levels, current efficiency may decline through formation of sodium 
paraperiodate. The current efficiency loss at 10 ppm level is ~4% after 20 days and 10% 
at 100 ppm level in 10 days. 

Recommended Analytical Methods: Colorimetry using Hach reagents (Hach 
Company, Handbook of Brine Analysis, 2nd Edition, p. 29). 


Sodium Sulfate (Na 2 S O 4 ) 

Effect on Membrane: Sodium sulfate or its triple salt with NaOH and NaCl deposits 
in the membrane near the cathode side and reduces the current efficiency to '^93%. In 
the presence of BaS 04 will form and coat the anode, which will increase the cell 
voltage. 

Mechanism of Damage : Sodium sulfate deposits cause an interruption of the nor¬ 
mally smooth cathode surface layer and thus, reduce the OH“ ion rejection capacity. 
The damage is similar to that observed with Ca deposits but occurs at much higher salt 
levels. 

Control Method—Commercial Experience: Sodium sulfate concentration in the 
solution-mined brine is suppressed by additives that reduce the solubility of anhydrite. 
Sodium sulfate can be precipitated from brine with barium or calcium ions, and its 
concentration can be controlled by purging the brine system (see Chapter 7.5.7.2A for 
additional details). 

References: Research from DuPont and others on sulfate in brine and its behavior 
in chlor-alkali membranes can be found in references [112,113] and 

A. Herrera and H.L. Yeager, J. Electrochem, Soc. 134, 2445 (1987). 

Recommended Analytical Methods: 

1. Gravimetric procedure as BaS 04 precipitate. 

2. ICP chromatography. 


Aluminum (Al) 

Effect on Membrane: Aluminum forms sodium aluminosilicates, which precipitate 
near the membrane cathode layer, causing physical damage to the polymer and reducing 
the current efficiency. 

Mechanism of Damage: The source of aluminum, during the primary brine treat¬ 
ment, is from the clay in the salt. If filtration fails, the clay reaches the anolyte and 
dissolves, releasing the aluminum ions. The aluminum cations will pass into the mem¬ 
brane and change to the anionic form as they move toward the cathode side. The anionic 
aluminum will accumulate in the membrane by combining with other anions, such as 
silicates, and/or cations such as Na“^, forming compounds that are precipitated, thereby 
damaging the membrane and reducing the current efficiency. 

Control Method—Commercial Experience: Clarification and filtration of the brine 
can eliminate suspended clay. Also, it can be removed by ion-exchange in the acidic 
medium, using the cation-exchange resins such as Duolite-467 or precipitated as 
magnesium-aluminum silicate during the primary brine treatment. 
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Recommended Analytical Methods: 

1. Colorimetry using Hach reagents (Hach Company, Handbook of Brine Analysis, 
2nd Edition, p, 15). 

2. ICP chromatography. 

3. AA graphite furnace. 

Silica (Si02) 

Effect on Membrane: Silica in the membrane forms calcium silicate, which is 
less soluble than Ca(OH) 2 , and precipitates near the membrane cathode surface, thus 
reducing the current efficiency. 

Mechanism of Damage: Silica enters the membrane as a neutral or cationic species 
and becomes a soluble anion as the pH increases in the region closer to the cathode. 
Silica can then trap calcium and precipitate as calcium silicate. It can also react with 
aluminum to precipitate as sodium aluminosilicate. These precipitates can form large 
crystals near the membrane cathode surface, causing physical damage to the normally 
smooth surface and reduce the OH“ rejection capacity. 

Control Method—Commercial Experience: Silica is present in some salt sources 
and also in the water used in making brine. It can normally be controlled in the feed water 
by ion-exchange or removed as solids during the primary brine treatment by reacting 
it with MgCl 2 (without upsetting the Ca: Mg ratio) to form Mg silicates, which can be 
carried out along with CaCOs and Mg(OH) 2 . 

Recommended Analytical Methods: 

1. Colorimetry using Hach reagents (Hach Company, Handbook of Brine Anay Isis, 
2nd Edition, p. 37). 

2. AA graphite furnace. 
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4.9. AMALGAM DECOMPOSITION 
4.9.1. Introduction 

The three major steps in the amalgam chlor-alkali process, shown in Fig. 4.9.1, are brine 
treatment, electrolysis, and amalgam decomposition. Purified brine is sent to the electro¬ 
lyzer to produce chlorine and sodium amalgam at the anode and cathode, respectively. 
The sodium amalgam is then sent to the amalgam decomposer to produce caustic soda 
of 50% concentration. Mercury, after decomposition, is recycled to the top of the cell. 
The overall process of amalgam decomposition can be described as: 

Na(Hg) + H 2 O ^ NaOH + + (Hg) (1) 

This reaction is facilitated by contacting the sodium amalgam with graphite, as illustrated 
in Fig. 4.9.2. The amalgam decomposition reaction is an electrochemical process 
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FIGURE 4.9.1. Material and energy balance in an amalgam chlorine plant. 



Graphite 

Blade 


FIGURE 4.9.2. Schematic of the amalgam decomposition process. 
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consisting of the anodic dissolution of Na from the amalgam anode, and the cathodic 
discharge of hydrogen at the graphite surface, under short-circuiting conditions in caustic 
solutions, as shown by Eqs. (2) and (3). 


Na(Hg) = Na“^ + (Hg) + e (at the anode) 
H 2 O + e = 5 H 2 + OH“ (at the cathode) 


The electrode potential for reaction (1) is given as: 


Ef = + 


RT 


In 


^Na(Hg)^H20 

«NaOHV/^H2 


( 2 ) 

(3) 


(4) 


where E^ is the standard electrode potential, which is a function of temperature, aNa(Hg) 
is the activity of sodium amalgam, which depends on the amalgam concentration and 
temperature, aH 20 and ^NaOH are the activities of H 2 O and NaOH, respectively, which 
are functions of the NaOH concentration and temperature, and is the partial pressure 
of hydrogen, which is assumed here to be constant. Thus, Ef is a function of the amalgam 
concentration and the NaOH concentration at a given temperature. Ei is composed of the 
sum of the overvoltages of anodic and cathodic processes (2) and (3), and the solution IR 
drop. The overvoltage of the amalgam anode is very small (Fig. 4.9.3 and Section 4.2.5). 
The hydrogen overvoltage on the graphite cathode is almost independent of the caustic 
concentration and is a linear function of current density below 0.5 kA m“^. 

In the original design, a horizontal trough is annexed to a horizontal electrolyzer in 
parallel. The mercury flows through the cell by gravity, and the sodium concentration in 
the amalgam increases during electrolysis to about 0.2% by weight. The concentrated 
amalgam is brought to the second trough with a number of graphite combs, where a 



FIGURE 4.9.3. Anodic and cathodic polarization data in 40 w/o caustic solutions at 80°C. Concentration of 
Na in the amalgam: 0.2 w/o [1]. 
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short-circuited galvanic cell composed of the amalgam anode and graphite blade (hydro¬ 
gen cathode) is established, as illustrated in Fig. 4.9.2, and the amalgam is decomposed 
on the way back to the lower end of the trough, also by gravity. The mercury or very dilute 
amalgam, after decomposition, is then pumped up to the top end box of the electrolyzer, 
located just 20-40 cm above, depending on the cell design. 

The vertical amalgam decomposer, packed with graphite lumps, was developed in 
the 1960s. A tower about a meter high is located at the lower end of the electrolyzer, 
and the sodium amalgam decomposes as it flows through the packed column by gravity. 
Mercury is recycled to the cell top. The head of mercury is high compared with the hori¬ 
zontal decomposer, and specially designed mercury pumps are required. Nevertheless, 
the use of the decomposition tower optimizes the floor space in the electrolysis area. 


4.9.2. Design Aspects of the Amalgam Decomposer 

We may now consider the energy and material balance [2] associated with the 
decomposition tower, shown in Fig. 4.9.4. The voltage balance of the tower can be 
represented as: 


£*1^ = — AEh = (solution) 


(5) 


H 2 gas 
1/2(Lo-L,) 



FIGURE 4.9.4. Material balance in the amalgam decomposer [1]. 
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where is the effective EMF, A Eh is the intercept of the potential vs current density 
plot at i — 0, /7c is the hydrogen overvoltage, and IR (solution) is the solution IR drop. 
The current per unit height of the tower, /, is: 

I = K^iF S{—r}c) (cathode process) 

= K'pFSkIEy^ ~ (—/7c)] (solution IR) 

= KFSE^ (overall) (6) 

where S is the cross-sectional area of the tower, F is the Faraday constant, K^y and 
K are the coefficients, and k is the conductivity of the caustic soda solution. Hence, 

1 1 1 

— =-+- (7) 

K Kh kK^ 

The amount of caustic produced, dw, in a small section of height, d//, is: 


dw = -Mdy = d(Ljc) = -dL 


( 8 ) 


By Faraday’s law, we have. 


du; = 



From Eqs. (8) and (9), 


d(Ljc) = KE},Sdh 


(9) 


( 10 ) 


or 


-Mdy = KE]:,Sdh 


( 11 ) 


where M is the mercury flow (kgmolhr“^), L is the water flow (kgmolhr“^), y is 
the Na concentration (kg mol Na/kg mol Hg), and jc is the NaOH concentration (kg mol 
NaOH/kg mol H 2 O). By integration. 


and 


Jlqxq 


( 12 ) 


SH 

j-yi dy 

1 


I4 

Jy, KE^ ~ 


Jyo 


(13) 


where 0 and 1 denote the top and the bottom of the tower, respectively, and H is the 
height of the tower. Equation (13) can be used to calculate the required volume of the 
amalgam decomposer. 
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Chilton and Colburn have employed the idea of the number of transfer units (NTU) 
and the height of the transfer unit (HTU) to describe packed columns [3] according to 
which the height, H, is represented by the product: 

H = (HTU)(NTU) (14) 

where HTU has the dimensions of length and NTU is dimensionless. 

Since K is independent of y, due to the negligibly small polarization of the anode 
(see Section 4.2.5), Eq. (13) can be recast as: 


dy 

NTU - - / / (15) 

JyQ 

HTU = M/i^S (16) 


The value of NTU can be evaluated using Eq. (15), if the concentration of caustic soda 
solution and the operating temperature are kept constant. 

An empirical relation, obtained with laboratory and plant data [2], relating £h to 
the various operating parameters, is given by 

Eh = -0.910 a: + 1 l.O}- - 270.0^^ + 0.9060 + 0.0005(70 - t) - 

(17) 


where t is the temperature in degrees Celsius. This relationship is valid for 10-50% 
NaOH, 0-0.25% Na in the amalgam, and 50-90°C. 

Substituting Eq. (17) into (15), results in: 


NTU = 


F{x, t) 


tan h~ 


11 -540y 

F(jc,0 




->>0 


[F{x, t)f ^ 1099.48 + 0.54(70 - r) - - 982.8x 


(18) 

(19) 


where F (.r, f) is a function of x and t, F{x,t), since it depends on temperature and caustic 
concentration, is called the “operation factor.” Figure 4.9.5 graphs the relationship of 
Eq. (19). F(jc, t) can be combined with amalgam concentrations in Eq. (18) to calculate 
the number of transfer units required. Figure 4.9.6 also shows the value of NTU as a 
function of the concentration of the amalgam and of the operation factor when yi = 0. 

Next, the value of HTU must be determined. This may be represented as a function 
of the flow of mercury and of the specific conductivity of the caustic soda solution in the 
tower. 

It is desirable to maximize the overall mass transfer coefficient, K. The relationship 
between K and the flow rate of mercury, measured experimentally at 50"^C with 25% 
NaOH using 10 mm diameter spheres as the packing medium [1,2], is shown in Fig. 4.9.7. 
These results reveal the proper flow rate to be in the range of 300—450 kg mol hr~^ m”^ 
or 80—llOLmin*^ m“^. 
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FIGURE 4.9.5. Operation factor as a function of caustic soda solutions at various temperatures [1]. 


F(x,t) 



FIGURE 4.9.6. NTU of the amalgam decomposition tower as a function of the amalgam concentration and 
of the operation factor under the condition of yi = 0 [1]. 
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FIGURE 4.9.7. Relationship between K and M/S in 25% caustic soda at 50°C with packed spheres of lO-mm 
diameter [1]. 



FIGURE 4.9.8. HTU of the amalgam decomposer tower as a function of the flow velocity of mercury and the 
specific conductivity of the caustic soda solution, k refers to the conductivity of NaOH solution in mho m ~ ^ [ 1 ]. 


Values of HTU as a function of the flow velocity of mercury, M/S, and the specific 
conductivity of caustic soda, k, are shown in Fig. 4.9.8. It may be noted that, in practice, 
poor distribution occurs at low values of M/5, and flooding takes place at large mercury 
flow rates. An example of the flooding of mercury, observed during a field test, is shown 
by the dashed line labeled ac = 62 in Fig. 4.9.8. There was reasonable agreement with 
the solid line, k = 60, up to M/5 = 300, above which the tower was considered to have 
been flooded. The important factors for avoiding flooding are: uniform flow distribution 
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of amalgam and the shape of the packings. Proper attention to these allows operating the 
decomposer without flooding, even at M/5 = 400. 

A sample calculation is provided here for the conditions noted below. 


Total current 100 k A 

Concentration of amalgam 
At top 0.21% 

At bottom 0.01% 

Concentration of product caustic 50% 
Operating temperature 90°C. 


Minimum sectional area: The flow rate of mercury is 52.7 L min“^ or 213 kg mol hr”'. 
A value of 99 Lmin”' m“^ (400 kg mol hr”' m”^) is assumed for M/5. Hence, the 
minimum area should be: 


5 = = 53.3 X 10 ^(m^) 

99 

Thus, the diameter of the column is 0.83 m. 


Minimum height: The specific conductivity of 50% caustic soda solution at 90'^C is 
100.2mhom”',hence, from Fig. 4.9.8, the value ofHTUatM/5 = 400 is about 11.10. 
From Fig. 4.9.5, the operation factor is obtained as Fix, t) = 19.5. Therefore, the NTU 
from Fig. 4.9.6 is 5.8 x 10”^, and the minimum height is: 

H = (HTU)(NTU) = 11.10 X 5.8 x 10”^ = 0.644 m 


Table 4.9.1 shows that the exothermic heat of reaction is slightly more than 
7,000kcalhr”'. This supplies the heat of formation of the caustic solution and then 
contributes about 5,000 kcal hr”' to the sensible heat of the flowing mercury. Therefore, 
the operating temperature, t, of the amalgam decomposition tower depends on the flow 
rate and the incoming temperature of mercury or amalgam, tNa-Hg* A typical temperature 
increase is about 20°C. 

An empirical equation (20) developed to estimate the temperature [2], is shown 
below 


t — [^Na-Hg + (377 - 2.48p)A^] 


r 55.4 1 

1 - 

P 


A^ = ^0 - q\ 


( 20 ) 


where p is the NaOH concentration in percent by weight and q is the Na concentration 
in the amalgam in percent by weight. At ?Na-Hg = 80°C, p = 50%, and Aq = 0.2%, 
the operating temperature is estimated to be 102°C. 
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kcal hr ^ 

Input 


Sensible heat of mercury flow 

28,118 

Sensible heat of water 

702 

Heat of reaction 

7,171 

Total 

35,991 

Output 


Sensible heat of mercury flow 

33,364 

Sensible heat of caustic soda 

2,363 

Sensible heat of hydrogen gas 

95 

Latent heat of water 

129 

Heat loss 

40 

Total 

35,991 


Conversion factors required for these calculations are noted below. 


M = 4.04Q 

M = Hg, kgmolhr ^ 

Q = Hg, Lmin“^ 

(21) 

0.45 p 

100 - p 

X = NaOH, kg mol/kg mol H 2 O 

p = NaOH in percent by weight 

(22) 

y = 8.75 X lO-^q 

y = Na, kg mol/kg mol Hg 
^ = Na in percent by weight in the amalgam 

(23) 

^ 0.1056J 

Q = - 

J = total current of the electrolyzer in kA 

(24) 


^ 0-^1 

Figures 4,9.9 and 4.9.10 depict the minimum height of a decomposer column as a 
function of the operating temperature and the Na concentration in the amalgam, respect- 
ively. These plots show that a tall tower is needed when the amalgam concentration is 
high, as the NTU is large and the decomposer must be operated at high temperatures 
to let the reaction proceed effectively. Cooling the decomposer leads to the incomplete 
decomposition of the amalgam, which in turn affects the performance of the electro¬ 
lyzer. Lowering the temperature of the decomposer lowers the efficiency, since the mass 
transfer coefficient is lowered, and thereby leads to an increase in the overall energy 
consumption of the process. Thus, it is essential to operate the decomposers at a uniform 
flow rate of mercury, and at high temperatures to ensure complete decomposition of the 
amalgam. Optimization of a given decomposer was achieved in Japan when employing 
two separate baskets (with space between the basket and the wall for hydrogen escape), 
which closely adhered to the design parameters shown in Fig. 4.9.9. 
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FIGURE 4.9.9. Minimum height vs temperature in the decomposition tower [1]. 



FIGURE 4.9.10. Minimum height vs amalgam concentration in the decomposition tower [1], 




386 


CHAPTER 4 


4.9.3. Graphite Packings 

In the United Sates and Europe, many plants employ graphite lumps, while the usage of 
graphite balls is popular in Japan—the optimal diameter of the graphite ball being 15 mm, 
and the average diameter of the graphite lumps being 10-20 mm. It may be pointed out 
that the maximum mass transfer coefficient is a weak function of the diameter of graphite 
packing and varies with the amalgam concentration and the temperature. Hence, the 
height of the column would be the same as with graphite spheres of 10-15 mm diameter. 
It is worth noting that the diameter of the amalgam drop is 0.1-2.0 mm, and therefore, 
the current distribution is determined by the size of the mercury drop rather than the 
graphite. 

Graphite is degraded in the decomposer by erosion, and hence the tower should be 
washed every 3 years. These packings can then be properly segregated and reused. The 
tower wall is inspected carefully for corrosion, and the vessel is filled with dilute NaOH 
to prevent rusting during shutdowns. 

The hydrogen overvoltage on the graphite cathode has a major effect on amalgam 
decomposition kinetics, and several efforts have been made to improve the characteristics 
of the graphite surface. Sintered mixtures of graphite and iron exhibited low overvoltage 
and improved the contact resistance between the graphite and the amalgam. However, 
this surface was amalgamated and deactivated within several hours and was prone to Fe 
dissolution. The only successful additive to achieve low hydrogen overvoltage appears to 
be molybdate solution. However, one has to be careful with respect to the contamination 
of brine with molybdate which can result in H 2 discharge on the cathode. 
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Chlor-Alkali Technologies 


5.1. INTRODUCTION 

About 97% of the chlorine and nearly 100% of the caustic soda in the world are produced 
electrolytically from sodium chloride, while the rest of the chlorine is manufactured by 
the electrolysis of KCl, HCl, chlorides of Ti and Mg, and by the chemical oxidation of 
chlorides [1]. The electrolytic technologies currently used are mercury, diaphragm, and 
ion-exchange membrane cells. Figures 5.1 and 3.10 show the distribution of these cell 
technologies in the world and on a regional basis [2]. Mercury cells had a world share 
of 45% in 1984 and declined to 18% in 2001 because of the health and environmental 
concerns associated with mercury. However, it is still the leading technology in Europe. 

Diaphragm cells held a 67% market share in the United States, vs 37% in the world 
in 2003. The emerging cell technology is the membrane process, which had a world 
market share of 30% in 1999 and 40% in 2003. 

A wide variety of designs have been developed for each of these three cell processes 
and have been installed in commercial plants. However, only a few of those cell designs 



Diaphragm Membrane Mercury Mixed 


Technology 

FIGURE 5.1. Breakdown of world chlorine market share based on technology [2]. 
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have captured significant shares of the market, withstanding the test of time and mar¬ 
ket vulnerabilities. This chapter will address those cell technologies that are currently 
available in the market. Pertinent references are provided for readers interested in prior 
chlor-alkali cell configurations. 


5.2. CELL TYPES—BIPOLAR AND MONOPOLAR 

Electrochemical cells, be they for electrolysis to generate products or for producing 
electricity (e.g., batteries, fuel cells), fall into two broad categories with respect to the 
electrode configuration, monopolar and bipolar cells. In a monopolar cell, there are 
typically many anode and cathode assemblies that are electrically in parallel with each 
other. Thus, a monopolar cell is typically a high current cell compared to most bipolar 
cells. In the typical DC circuit configuration, monopolar cells are connected in series by 
intercell conductors. 

On the other hand, in bipolar cells, only the terminal cells are connected by intercell 
conductors, and there are typically many unit cells electrically in series between the 
terminal cells (Fig. 5.2). The two basic types of bipolar cells are the flat plate cell and 
the finger type cell. A group of bipolar cells that have a common piping system for the 
fluids, via manifolds, is referred to as an electrolyzer or sometimes a series or a stack. 
Within a single bipolar electrolyzer, there are sometimes more than one set of terminal 
cells. Bipolar electrolyzers can be connected via an external bus within a DC circuit in 
series or in parallel, but usually not both. Furthermore, in the case of mercury-cell plant 
conversions to membrane cells, the electrolyzers are connected electrically in parallel as 
shown in Fig. 5.3. 

Historically, the concept of arranging the cells in bipolar and monopolar fashion was 
known before 1800, when Volta assembled batteries [3]. There are several advantages 
and disadvantages associated with the construction and operation of monopolar and 
bipolar cells [4,5]. They are noted in Table 5.1. 

One significant difference between the two cell arrangements is the capital 
cost associated with the cells and the electrical supply system constituting rectifiers 
and transformers. The most expensive components of the cells are the membranes and 
electrodes. Therefore, their cost becomes lower as the current density increases and 
allows the use of less electrode and membrane area. In recent years, membranes 
that can operate successfully above 4 kA m“^ have been developed. As explained in 
Section 8.3.1.3, bipolar cells are better suited to take advantage of this development. 
This explains the current trend favoring bipolar systems. A recent comprehensive cost 
analysis [6], taking into account the cost of the cells and rectifiers, penalties arising from 
the lower efficiency of the bipolar cells, and higher downtime production losses com¬ 
pared to monopolar cells, showed (Fig. 5.4) favorable economics for monopolar cells 
operating below a current density of about 4 kA and for bipolar cells operating at 

higher current densities. This critical current density varies with the parameters chosen 
for the cost calculations. When investment capital is scarce, the choice of bipolar cell 
technologies makes good economic sense. The structural IR of flat plate type bipolar 
cells is typically less than for monopolar cells, because the current path through the metal 
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B. Bipolar arrangement (filter-press type electrolyzer) 


FIGURE 5.2. Schematic of cell assemblies. 


Structure is shorter. Less busbar and fewer busbar connections for bipolar cells also save 
some voltage and some capital. 

The other cost difference between the monopolar and bipolar cell arrangements is 
in the electrical supply system. The monopolar connection calls for a high current and 
low voltage while the bipolar connection allows a low current and high voltage. The cap¬ 
ital cost of transformers decreases with increasing voltage, although high current needs 
increase the cost by about 30%. However, the rectifier costs decrease with decreasing 
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Rectifier 

FIGURE 5.3. Conversion of mercury electrolyzers to membrane electrolyzers. 


TABLE 5.1. Comparison of Monopolar and Bipolar Cells 


Advantages 


Disadvantages 


Monopolar cells 
Simple and rugged design 
Relatively inexpensive parts 
Simple fabrication techniques 
Individual cells can be easily monitored 
Cells can be easily isolated with 
minimum disruption to production 
Rectifiers optimized for 
large scale plants 
Bipolar cells 
Lower unit cell voltage 
Intercell busbars greatly reduced 
Rectifier costs more easily optimized for 
small to medium size plants 
Less instrumentation needed 
Fewer electrolyzers in the system 
Higher capacities for electrolyzer 


Heavy and more numerous intercell 
connectors 

Higher unit cell voltages 
Each cell requires operator attention 
More instrumentation required 
More electrolytic cells in system 


Higher parasitic currents that lower 
current efficiency and cause corrosion 
Malfunction of a unit cell can be 
difficult to locate 
No flow measurements to 
the individual cells 

Repairs to an unit cell require shutdown 
of entire electrolyzer, thereby 
reducing production 
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FIGURE 5.4. Comparison of costs with monopolar and bipolar cells (Power cost: $0,025 kW hr” ^; Discount 
rate: 20%; Amortization: 20 years; Membrane: $780 m”^; Anode: $800 m”^; Current efficiency: 95%; 
Bipolar costs include a lost production penalty of $1.35 ton"^ of chlorine) [7]. 


amperage. While these costs for a small size plant show that low amperage/high voltage 
rectifiers cost 40-50% less than high amperage/low voltage systems for the same kilo¬ 
watts [7], the cost differential becomes less or even reverses in large scale plants. This 
cost advantage, however, is negated by (a) the lower efficiency of the bipolar systems 
(which we will address later), (b) safety aspects related to operating high voltage stacks 
and (c) downtime production losses during shutdowns. 


5.2.7. Origin of Parasitic Currents 

As noted in Fig. 5.2B, a bipolar electrolyzer consists of a multitude of unit cells, each 
containing an anode and a cathode, sometimes separated by an ion-exchange membrane 
and feed and discharge tubing connected to common headers or manifolds. With divided 
cells, there will be separate feed and discharge piping to each of the anode and cathode 
compartments. When electrical current is fed to the terminal cells of a bipolar electro¬ 
lyzer, most of the supplied current will flow from an end anode to the opposite end 
cathode through the bipolar cells in the stack. But some current will also flow through 
the electrolyte in the feed and discharge manifolds and the connecting piping to the cells. 
The current flowing in this piping is known as parasitic current, shunt current, bypass 
current, or leakage current. The current flowing in the electrolytes within the mani¬ 
folds and connecting piping is ionic (as in between the anode and cathode), whereas the 
conduction through metallic conductors is electronic. 

The simplest explanation for shunt currents is that the electrolytes in the manifolds, 
or the manifolds themselves if they are metallic, provide parallel paths to the current 
flowing in the cells. Thus, with few exceptions, some shunt currents will flow in the 
connecting piping of bipolar cell stacks. As shown in Fig. 5.5 A, the distribution of shunt 
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FIGURE 5.5. A. Schematic of the current flow in bipolar electrolyzer. B. Schematic of the distribution of 
leakage current and manifold current in a bipolar electrolyzer. 
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currents is typically symmetrical with respect to the total number of cells in a DC circuit. 
Shunt currents leave the cells in the positive half of the circuit, “bypass” the “center” 
cells via the piping, and then re-enter the cells in the negative half of the circuit. From 
Fig. 5.5B, it can be seen that the unit cells at the center of the electrolyzer have the 
lowest current, whereas the terminal cells, which are connected to the negative and 
positive poles of the rectifier, have the highest current. Figure 5.5B also shows that the 
magnitude of the shunt currents in the connecting piping is highest near the ends of the 
electrolyzer and lowest at the center. 

It must be emphasized that this symmetry exists over all cells connected in series 
between the negative and positive poles of the rectifier, not just the cells in a single 
electrolyzer. Thus, if two bipolar electrolyzers are connected in series in a single DC 
circuit, the bipolar unit cells with the lowest current will typically be those located 
near the center of the DC circuit, not those cells at the center of the two electrolyzers. 
Likewise, if each half of a single electrolyzer is connected in a parallel DC circuit, then 
the bipolar unit cells with the lowest current will be those located in the center of each 
half of the electrolyzer, not the ones located in the centers of the electrolyzers. It should 
be mentioned that leakage currents are also present in monopolar cell circuits. However, 
their magnitude is very small. 

The typical problems associated with shunt currents include: 

1. lost production 

2. corrosion 

3. reverse currents during off-line periods 

4. generation of impurity gases 

Not all the shunt current returns to the electrolyzer. Some leaks from the system and does 
not take part in electrolysis. Since the production rate depends on the current supplied, 
there is a production loss caused by shunt currents. In order to accurately determine 
current efficiency, the actual current received by each cell in the circuit needs to be 
known. One of the uses of shunt current models, discussed in the next section, is the 
estimation of the shunt currents as well as the current in each cell. For well-designed 
chlor-alkali plants, the shunt current loss will usually be less than 2% and frequently 
less than 1%. The shunt currents that “bypass” the “center” cells do no useful electro¬ 
lysis, but will cause IR heating of the electrolytes. For production of molten metals, 
where shunt current loss could be much higher than 2% because of the high conduct¬ 
ivity, such IR heating could be of some benefit, but the economic trade-off between 
the choice of bipolar and monopolar cells for such an application needs to be carefully 
considered [8]. 

Failure to understand the nature of shunt currents in bipolar cell stacks frequently 
leads to corrosion problems. Corrosion occurs most frequently where shunt currents 
leave a metal component of the cells or piping system, but corrosion can also occur 
where the shunt currents re-enter a metal component. Such corrosion can occur at nearly 
any metal component of an electrolyzer, but the following are the most common: cell 
nozzles, manifold ports, edges of the main cathode in a unit cell adjacent to an inlet or 
outlet, metal cell components electronically in contact with the cathode and adjacent to 
an inlet or outlet of the catholyte compartment, and pipe walls adjacent to the flanges 
of a manifold when these manifold flanges are located near the center of a DC circuit. 
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A possible consequence of piping or cell nozzle corrosion failure is a fire caused by 
escaping hydrogen. Another consequence is that corrosion of the main electrode in a 
unit cell could cause failure of the separator. Failure of the separator could lead to an 
H 2 -CI 2 explosion. However, because of the presence of significant amounts of water 
vapor in the H 2 -CI 2 mixture, explosions rarely occur. 

The accumulation of gas impurities generated by the electrochemical reactions 
associated with shunt currents are typically not a problem for a correctly designed elec¬ 
trolyzer during normal operation because they are diluted by the large amounts of H 2 
and CI 2 produced by the cells. During normal operation, impure gases are hydrogen in 
the chlorine and oxygen in the hydrogen. Following shutdown of bipolar electrolyzers, 
reverse currents at the main electrodes of the cells typically occur, and the cells act 
as a stack of batteries. Even in the case where electrical switches are opened between 
the electrolyzer and the rectifier, there is a path for the discharge of electrical current 
through the electrolytes in the connecting piping and manifolds. Note that this path for 
discharge currents is the same as that defined above for shunt currents. The main sources 
of the charge or driving force for such reverse currents are the active chlorine species 
in the anolyte such as OCl“ and to a lesser degree other species such as adsorbed H 2 on 
the cathode. 

So one concern with bipolar cell stacks, especially following shutdown but also 
during startup, is the generation and accumulation of impure gases in the top of the cells 
and in the outlet piping of the cell stacks. Unless some action is taken, such as adding 
a diluent gas, the hydrogen concentration can exceed the explosive limit of about 4-5 
volume percent. Because reverse currents can cause corrosion problems with the main 
electrodes, especially activated cathodes, and the corrosion products from the cathode 
can then enter, precipitate, and accumulate in the separator, a polarization rectifier or 
cathodic protection rectifier is sometimes used during shutdowns and prior to startups 
for bipolar chlor-alkali circuits. 

The generation of impure gases is greater during the use of a polarization rectifier. 
Also, because the production rate of product gases at the main electrodes of the cells 
is usually quite small when a polarization rectifier is used, accumulation of explosive 
gas mixtures becomes an even greater possibility unless some action is taken, such as 
adding a diluent gas. One use of shunt current models, discussed in the next section, is to 
estimate the amount of diluent gas that is needed to maintain the impure gas levels below 
the explosive limit. It is interesting to note that during the use of a polarization rectifier 
prior to startups or following shutdowns, the percent shunt current loss can easily exceed 
50% and may approach 80%. 


5.2.2. Modeling 

Bipolar cell configurations have been examined and are used in various electrochemical 
operations which include fuel cells [9,10], batteries [11-20], electrochemical capacit¬ 
ors [21], chlorate and chlor-alkali cells [22-27], electrowinning of metals [28-30], 
fused salt electrolysis of A1 and Mg [31-36], electrodialysis [37], and electroorganic 
processes [38]. 

A typical bipolar electrolyzer stack, with each cell containing an anode and a 
cathode separated by an ion-exchange membrane, and the current pathways through 
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FIGURE 5.6. Equivalent circuit for the bipolar stack in Fig. 5,1 A. (Manifold resistances: /?ma» bypass 
channel resistances; /?a> ^C’ resistances: load: /l; open circuit potential: Vq; 

number of cells: N; leakage [channel] currents: , ^2* ^3’ ^2* ^3’ ’ ^2’ ^3’ manifold currents: 

Ki, K 2 , K[, Li, L 2 , L', L^; cell currents: /{, ij, /|.) 


the electrolyte and the cells are shown in Fig. 5.5A. As noted in Fig. 5.5A, the current 
flow is mainly via two streams—one through the electrode compartments and the other 
through the electrolyte manifolds via bypass channels (i.e., the path from the cell to the 
feed and discharge manifolds). 

The complex analog model of the circuit in Fig. 5.6 representing the current path¬ 
ways can be simplified [39,40] by (1) assuming the electrolyte resistance in the cells, 
bypass channels and the manifolds to be the same, (2) lumping the resistance of the 
membrane with that of the electrolyte, and (3) using linear kinetic resistance at both 
the electrodes. These approaches, however, ignore the effects imposed by the nonuni¬ 
form geometry of the channels, concentration gradients in the cells, and the potential 
dependent kinetic resistance at the electrodes. 

The simplifications noted above have been well recognized in the literature lead¬ 
ing to equivalent circuit descriptions. An equivalent circuit model is a schematic of 
the input-output mode of the bipolar assembly describing the apportioning of the over¬ 
all cell voltage as well as branching of the currents. The complications introduced by 
asymmetrical geometries and the varied boundary conditions are transferred to the spe¬ 
cifications of the effective parameters (i.e., resistances of the bypass channel, manifolds). 
The details that are explicitly included in this model can vary depending on the specific 
situation. 

The equivalent circuit, which is essentially a resistive network, provides a set of 
simultaneous equations derived by applying Kirchoff’s node and loop laws. Thus, at a 
node, the algebraic sum of electric currents flowing in and out is zero, and in a closed 
circuit of network, the sum of the ohmic voltages (with respect to the direction of 
the current) is equal to the sum of the voltage sources. These equations, expressed in 
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a finite difference form, can be solved using a power law solution technique [41-43] 
or replaced by a differential equation, which is solved to yield a solution containing 
exponential terms [44—54]. Other numerical approaches used to solve these equations 
include: piecewise linear method (PLM), iterative-piecewise linear method (IPLM), non- 
perturbative adomian decomposition method (ADM) and piecewise linear continuum 
method. Of these, IPLM and ADM converged rapidly to identical values and ADM had 
a better range of convergence. The reader is referred to reference [51,52] where the 
pertinent references to these numerical techniques are outlined. 

A more elegant way of estimating the leakage currents is to use the continuum model 
by solving the Laplace equation. Comparison [55] of the equivalent circuit model (ecm) 
calculations, obtained under linear polarization conditions, with the Laplace solution 
using the finite element approach (fea), showed the former to provide higher values for 
the leakage currents. The ratio of the ecm/fea currents was reported to be 1.1 (at a ratio 
of the resistance of the solution to the bipolar plate of 10, when the leakage currents are 
large). 

The calculation of manifold leakage currents jk essentially involves solving Eq. (1) 
with r]k described by the Butler-Volmer equation, following the equivalent circuit model. 

~ + ^m)jk + ^hjk-I — —Uq — ( 1 ) 

where 

Uq = Eq IqRc 
and 

m = total number of electrolytic compartments of a bipolar cell 
/: = 0, 1... m: the numbering of electrodes 
Efc — emf of the /:th-electrode at a given polarized condition 
4 = electrolytic currents flowing through the 0th electrode 
iic = currents flowing through the kth bypass channel with a resistance of R\y 
jk = currents flowing through the ^th manifold 
R\y, Rc, Rm = resistance of the bypass channel, electrolyte in the cell, electrolyte in the 
manifolds between every two sets of bypass channels 
Eq = emf of the galvanic cell of formation of electrolyzed substance 
Iq = applied current 
Uo = cell voltage. 

Several authors have used limiting forms of r]k as function of 4, and solved for jk using 
various numerical techniques. The intent here is not to compare the numerical techniques 
but to discuss the limitations of using the approximate versions of the rate equation to 
describe rjic as a function of 4 for an evaluation of the magnitude of jk. Highlights 
[51,52] of comparison of the Tafel vs the exact equation are noted below. 

1. The Tafel approximation underestimates the leakage currents (by ~6% in the 
middle compartment) except at the end electrodes. This effect is lessened as the 
Iq increases, other parameters remaining the same. 

2. Under linear conditions, the leakage currents follow the same behavior as above. 
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3. Under linear conditions, when e = 0, that is, when the resistance in the bypass 
channel is much greater than the combined resistance of the electrolyte in the cell 
manifold and the kinetic resistance associated with the anode and the cathode 
reactions, the bypass percentage index, 7% is given as [51,52,56-58]: 



(2) 


(3) 


5.2.3. Experimental Determination of Leakage Currents 

Three different approaches [59] are available to determine the magnitude of the leak¬ 
age currents in bipolar electrolytic cells. The direct method involves placing annulcir 
magnetic field detectors around the electrolyte feed or exit piping and measuring the 
current [12,58]. However, this method suffers from interference from the magnetic field 
in the circuit, which is not easy to overcome. The second method [53] involves dir¬ 
ect measurement of the individual cell efficiency and then calculating the magnitude 
of the leakage currents. This approach works well with metal deposition or dissolution 
reactions but is practically limited with gas evolution reactions as each cell has to have 
separate feed and discharge piping. 

A more practical approach was developed by Rousar [54,60] involving inserting 
platinized platinum probes into the feed or discharge pipes and calculating the current 
from the measured potential difference. In addition, one may insert reference or nonpo- 
larizable electrode probes into the lines near the metallic areas to determine the value of 
potential established at the metal/solution interface from which the potential for corro¬ 
sion can be evaluated. Placement of the probes in a single-phase flow region will provide 
reliable values. In all membrane chlorine cells, the feed and discharge pipes (and hoses 
and tubes) are made of some type of polytetrafluoroethylene (PTFE). Another way to 
estimate the shunt current flow in such a PTFE pipe/hose is to measure the voltage drop 
from the metal cell nozzle to the metal manifold port to which the hose is attached. From 
the geometry of the hose, the resistance of the electrolyte in the hose can be calculated. 
With resistance and voltage drop known, the shunt current can be calculated. If the 
voltage drop is measured at the terminal cells of a production size electrolyzer, there 
is sufficient voltage drop (typically > 100 V and sometimes >200 V), therefore it is not 
necessary to measure the potential drop of the electrolyte. This method requires no spe¬ 
cial hardware and can only be done accurately for inlet hoses, which do not contain gas. 
With the inlet hose shunt current known, the accuracy/readability of a clip-on ammeter 
can then be checked and determined within the magnetic field of the electrolyzer. The 
clip-on ammeter can then be used to measure the shunt current at a terminal cell outlet 
hose. The voltage drop across the outlet hose is also measured. With the current and 
voltage known, the resistance of the fluid (gas and electrolyte) in the outlet hose can 
then be calculated. With terminal cell currents known and the outlet hose resistances 
indirectly measured, the shunt current model can then be used to calculate the remaining 
shunt currents, cell currents, and lost production due to the shunt currents. 
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5,2.4, Minimization of Leakage Currents 

The key to minimizing the leakage currents is to increase the resistance of the bypass 
channels and the manifold for a given number of cells in the bipolar stack, acknowledging 
that the leakage current increases approximately as where m refers to the number 
of cells. Limiting the number of cells in a given stack and circuit is another option that 
should be considered, jk can be lowered [26,55,61] by increasing the specific resistance 
of the electrolyte and the length of the pipe and by decreasing the area of cross section 
of the pipe (i.e., narrow tubes). In addition, increasing the number of plates for a given 
cell thickness reduces the bypass currents [55]. 

One of the concepts described in the patent literature is to increase the electrolyte 
resistance in the pipes by gas-injection [62], which will increase the resistivity of the 
electrolyte. Making the electrolyte path longer will produce the same result. Interrupting 
the electrolyte path so that the current is broken is also practiced [22]. Methods used 
to break the path include the introduction of freely rotating, plastic water wheels in the 
electrolyte path and siphon pouring into a common path [63]. Potential corrosion at 
the edges of the electrodes in the bipolar H 2 /O 2 fuel cells is avoided by providing an 
edge seal so that the electrodes are impervious to the reactant gases [10]. 

Leakage currents can be short circuited [64] or biased by placing an opposite current 
via electrodes placed in the piping [40] or reacted at sacrificial electrodes located in the 
manifolds [65]. These concepts have been used in the manifolds of MBC electrolyzers 
of Chlorine Engineers and also in the design of the CME and BiTac cells. Corrosion of 
catalytic cathodes used in bipolar water electrolyzers during shutdowns is prevented by 
cathodic protection [9]. 

5.3. MERCURY-CELL TECHNOLOGIES 

Castner demonstrated the first mercury cell in 1894, and by 1967 there were 14 cell 
technologies available for licensing [66-69]. These cells operated at high loads, in the 
range of 70 to 450 kA. In the early 1970s, conversion to metal anodes started, along with 
computer-controlled anode adjustment and computer monitoring to lower the energy 
consumption and minimize short circuits within the cell. In addition, devices were also 
developed to reduce mercury emissions. However, following the Minamata disaster, 
stringent regulations were placed on the operation of mercury cells. As a result, there 
was a significant shift from mercury-cell technology to diaphragm- and membrane-cell 
technologies. 

Presently, there are five mercury-cell technologies [70,71] practiced in the world, 
and their operating characteristics are summarized in Table 5.2. The only technology 
supplier that is active in optimizing the cell design and the cell operations to achieve 
negligible mercury emissions is DeNora [72]. 

A mercury cell consists of three major elements: (1) a cell with inlet and outlet end 
boxes, anodes, connecting buses, short-circuiting switches, and inlet and outlet piping 
for gases, water and brine; (2) a vertical or a horizontal decomposer, located beneath 
the cell or at the lower end of the cell, where the amalgam is stripped to form sodium 
hydroxide and hydrogen, and (3) a mercury pump to recycle the mercury from the bottom 
of the decomposer to the high end of the cell, as shown schematically in Fig. 5.7. 
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TABLE 5.2. Operating Characteristics of Modem Mercury Cells 


Manufacturer 


Characteristic 

Uhde 

DeNora 

Krebskosmo 

Olin 

Solvay 

Cell type 

300-100 

24M2 

232-270 

E812 

MAT 17 

Cathode area, m^ 

30.74 

26.4 

23.2 

28.8 

17 

Cathode dimensions, 

14.6 X 2.1 

12.6 X 2.1 

14.4 X 1.61 

14.8 X 1.94 

12.6 X 1.8 

1 X b, m^ 

Slope of cell base, % 

1.5 

2.0 

1.8 

1.5 

1.7 

Rated current, kA 

350 

270 

300 

288 

170 

Maximum current 

12.5 

13 

13 

10 

10 

density, kA m ^ 

Cell voltage at 

4.25 

3.95 

4.25 

4.24 

4.10 

lOkAm-^ V 

Number of anodes 

54 

48 

36 

96 

96 

Stems per anode 

4 

4 

4 

2 

1 

Number of intercell 

36 

32 

18 

24 

24 

bus bars 

Quantity of mercury 

5,000 

4,550 

2,750 

3,800 


per cell, kg 

Energy consumption 

3,300 

3,080 

3,300 

3,300 

3,200 


per ton of CI 2 , DC 
kWhr 


Hydrogen gas 



FIGURE 5.7. Schematic of a mercury cell with decomposer [71], (A) Mercury cell: (a) Mercury inlet box; 
(b) Anodes; (c) End box; (d) Wash box. (B) Horizontal decomposer: (e) Hydrogen gas cooler; (f) Graphite 
blades; (g) Mercury pump. (C) Vertical decomposer: (e) Hydrogen gas cooler; (g) Mercury pump; (h) Mercury 
distributor; (i) Packing pressing springs; CW: cold water. (With permission from John Wiley & Sons, Inc.) 


In all these cells, the mercury flows over a sloped (by 1.0-2.5%) steel base, and the 
flanged sidewalls are rubber-lined. The cell cover is steel lined with rubber or titanium 
on the underside or made of rubberized fabrics, and is fixed to the side walls by clamps. 

The anodes are titanium coated with oxides of Ru, Ir, and Ti and are placed 
in groups from carrying devices with the ability to change the height (and hence 
the anode-cathode gap) manually, hydraulically, or by motor. Each cell can be 
short-circuited externally by a switch. The cell bus bars are generally copper but 
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sometimes aluminum (Section 8.3.1.4). The anodes are protected from internal short 
circuiting by electronic monitoring. 

The distinguishing differences in these various cell designs lie in the manner by 
which the anodes are assembled, placed in the cell through the cell cover, and operated 
to achieve minimal inter-electrode gaps, the decomposer design, the cathode area and 
the current densities. These aspects are noted below. 


5.3.1. DeNora Mercury Cells 

The DeNora cells [68,72] have cathode areas ranging from 4.5 to 36 m^, operating at 
10-11 kA m“^ . These cells are covered with a flexible, multilayer sheet of an elastomer, 
which is supported by the anode rods. DSA anodes, with four stems per anode, are 
suspended in frames supported from the cells. 

The cells are equipped for automatic anode adjustment in groups, by electric motors, 
with short-circuit protection. The anodes are not individually adjustable in the support 
frames. Flexible copper straps to the anode bus bars connect the anode rods individually, 
and the cathode current is carried by a cathode plate and copper bus bars. Figure 5.8 is 
a cross-sectional view of the DeNora mercury cell. 

Several modifications have been made in recent years to achieve low energy con¬ 
sumption and to minimize mercury losses to the environment. The inlet and outlet end 
boxes were redesigned (Figs. 5.9 and 5.10) to be air-tight, and the use of wash water was 
eliminated or reduced. The inlet end box has been equipped with a cell bottom cleaning 



FIGURE 5.8. Cross section of the DeNora mercury cell [71]. (a) Cell base (steel); (b) Side wall (rubber-lined 
steel); (c) Lifting gear; (d) Transverse support; (e) Lengthwise support; (f) Anode carrier; (g) Anode rod; 
(h) Anode surface; (i) Adjustment motor; (k) Bus bar; (1) Flexible anode current strap; (m) Multilayer cell 
cover; (n) Service walkway; (o) Intercell bus bar; (p) Switch; (q) Insulator; (r) Switch drive; (s) Support. (With 
permission from John Wiley & Sons, Inc.) 
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Feed Brine 



FIGURE 5.9. Inlet end box with Wiper® [72]. (With permission from DE NORA ELETTRODI S.p. A., Milan.) 



FIGURE 5.10. Outlet end box [72]. (With permission from DE NORA ELETTRODI S.p.A., Milan.) 


device, called a wiper, to allow periodic cleaning of the cell bottom without opening the 
cell cover. 

In the outlet end box, wash water is fed only to the restricted zone, since the “beach” 
and the double hydraulic seal configuration prevent carryover of salt with the amalgam. 
This results in low chloride levels in the caustic and reduces the wash water needs from 
3Lhr”^ to 0.9Lhr~^ for DeNora’s 24H5 cell. The extended beach area also allows 
dampening of the speed of mercury within the end box, thus maintaining the level of 
mercury lower than on the cell base. This static mercury area inside the end box reduces 
the transport of brine with the amalgam and eliminates the buildup of mercury in the end 
rows of the anodes. 

DeNora also developed a new anode design, called the Runner anode, with the THM 
(Titanium Hydrodynamic Means) configuration (Fig. 5,11) which utilized the gas lifting 
force to improve mixing of the brine, thereby eliminating the concentration gradient of 
brine from the bulk to the mercury interface. This allowed the operation of the cells at the 
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FIGURE 5.11. (A) Runner anode configuration; (B) Brine circulation profile [72]. (With permission from 
DE NORA ELETTRODI S.p.A., Milan.) 


depleted brine levels as low as 225-230 gpl without any effect on the current efficiency. 
The reduced brine flow also lowered the burden on the settlers and the brine filters, as 
well as the carryover of mercury into the brine sludge. 

Other improvements include automatic control and protection devices to achieve 
low inter-electrode gaps and motorized anode frames to permit independent movement 
of each row of anodes. This allows fine adjustment of the electrode gap. As a result, a 
A:-factor of 0.005 V m^ kA”^ is achieved at a current efficiency of 96 zb 1%. 


5.3.2. Uhde Mercury Cells 

The Uhde cells [68,73] have a cathode surface area of 4-30 m^. They have a machined 
steel cell bottom with rubber-lined sidewalls and end boxes. The inlet end box, through 
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which the brine is fed to the cell, has two pipes for removing the chlorine. The anodes are 
suspended in groups in carrying frames, which are supported on transverse girds with 
lifting gear. The anodes are individually adjustable by raising or lowering them within 
the bellows seal. The current is fed to anode rods using flexible copper straps, which 
are bolted on. The compressed air switches are located beneath the cells. Copper bus 
bars are employed to carry large currents. Shunt current measurements allow computer 
control of the adjustment of the anodes to operate at an optimal ^-factor and to protect 
the anodes from short-circuiting. Short copper busbars between the cells allow shunt 
measurements of the anode currents. 

Vertical decomposers, situated at the end of each cell, are provided with hydrogen 
coolers. The flow of the amalgam into the decomposer is by gravity. A two-compartment 
rubber-lined end box cleans the amalgam off the entrained brine before it enters the 
decomposer. 


5.3,3. Krebskosmo Mercury Cells 

The Krebskosmo cells [74] have steel bottoms with rubber-lined side channels, and brine 
flows over a weir to distribute it uniformly across the width of the cell. The einode stems 
are made of copper and are individually sealed to the rubber-lined steel top, using PTFE 
bellows. The anodes are supported in groups from steel frames, which may be adjusted 
manually or by electric motors. A pressure-operated switch in the mercury return line 
from the decomposer can shut the cells down, if the mercury pump fails. 

Copper or aluminum bus bars carry the electric current to the cell covers, and 
then by flexible copper straps to the anode rods. The short-circuiting switches are 
located beneath the cells and when the cell is short-circuited, the cell bottom also 
acts as a current conductor. A vertical amalgam decomposer is located at the end of 
each cell. 


5.3.4. Olin Mercury Cells 

Olin cells have a number of unique features in size, arrangement, and adjustment of 
anodes for voltage regulation, Olin pioneered the development of vertical decomposers, 
which reduce the mercury inventory required by the cells. 

The Olin cells [68] have machined steel cell bottom units with rubber-lined steel 
side channels and steel tops. The anode stems are sealed through individual flexible 
rubber sleeves and are suspended from a copper channel, which also carries the current 
from the flexible buses to the anodes. Olin has developed a novel system to mount and 
adjust the anode-cathode gaps. The U-shaped copper or aluminum bus bar, located above 
each row of anodes, provides support to the anode lifting gear and current to the anodes, 
which are bolted to it. The anodes can be adjusted manually or electronically with the 
remote computerized anode adjusted (RCAA) system. 

The RCAA system generates current signals and anode-cathode voltage signals, 
which are fed to a console that displays the currents and voltages for each bus in a 
given cell. The computer analyzes the data and automatically raises or lowers each 
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FIGURE 5.12. Cross section through a horizontal decomposer [71]. (a) Amalgam; (b) Bolt; (c) Graphite 
cathodes; (d) Hydrogen; (e) NaOH solution; (f) Decomposer casing; (g) Spacers. (With permission from 
John Wiley & Sons, Inc.) 


anode set. Short circuits are sensed and avoided by using reed switches, which sense an 
approaching short and activate the motor controls to raise the anodes. The reed signals 
cannot be overridden manually or electronically. All the cells are protected by reed 
switches [75]. 


5.5.5. Amalgam Decomposers 

There are two types of industrial decomposers, horizontal and vertical. Horizontal 
decomposers are ducts with rectangular channels (Fig. 5.12) located below the cells 
with a 1.0-2.5% slope. The amalgam flows with a depth of 10 mm, and the catalyst is in 
the form of graphite blades 4-6 mm thick, immersed in the amalgam. 

The amalgam reacts with demineralized water in counterflow. Horizontal decom* 
posers require about 30-40% of the space required for the cells. Horizontal decomposers 
produce caustic with a low mercury content. However, they are difficult to service and 
maintain. They are obsolete and have been replaced by vertical decomposers. 

Vertical decomposers are towers packed with graphite spheres or particles 8-20 mm 
in diameter. A typical cross section is 0.35 m^ per lOOkA of cell load. The amalgam 
flows from the top and water is fed into the bottom of the tower. Since the volume of the 
decomposer is small, it is necessary to cool the hydrogen generated during the course of 
the amalgam decomposition reaction. The mercury inventory is small with the vertical 
decomposer. However, the caustic contains more mercury. 

DeNora [72] has improved the vertical decomposer design by employing a bas¬ 
ket (Fig. 5.13), which allows packing the graphite outside the decomposer. A vibrating 
table is used to pack the graphite, thereby reducing the channeling in the decomposer 
and increasing the life of the catalyst. A spring-loaded graphite compression system 
allows uniform compactness of the graphite bed over 12-16 months. A mercury distri¬ 
bution plate achieves uniform amalgam distribution. The graphite catalyst is activated 
by molybdate impregnation, which allows reduced maintenance and a long life. 
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FIGURE 5.13. Modified decomposer of DeNora [72]. (With permission from DE NORA ELETTRODI S.p.A., 
Milan.) 


5.4. DIAPHRAGM-CELL TECHNOLOGIES 

Electrolysis of sodium chloride solutions to generate and continuously separate the chlor¬ 
ine and the caustic using a porous diaphragm was first described in a patent issued in 
1851 to Charles Watt. However, it was only in the 1890s that E. A. LeSueur designed and 
operated a chlorine cell with a percolating asbestos diaphragm, realizing high chlorine 
efficiencies. Over the next 50 years, various designs of diaphragm cells were developed, 
which can be classified into three groups: horizontal diaphragm cells, vertical diaphragm 
cells, and bipolar filter-press cells. 

An example of the horizontal cell is the Billiter cell, which employed a corrugated 
steel cathode covered with a mixture of long fiber asbestos and barium sulfate paste. 
These cells were used in Germany between the world wars and were completely replaced 
later by vertical diaphragm cells. 

5.4.7. Bipolar Filter-Press Cells 

There are two bipolar filter-press cell designs for manufacturing chlorine, the Dow cell 
and the Glanor cell. Both use finger-type electrodes, as opposed to flat plates. The Dow 
cells, developed over the past eighty years [76-79] are simple and rugged. They employ 
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FIGURE 5.14. Dow Diaphragm-cell sectional view: (a) Perforated steel back plate; (b) Cathode pocket; 
(c) Asbestos diaphragm; (d) DSA anode; (e) Copper back plate; (f) Titanium back plate [85]. (With permission 
from John Wiley & Sons, Inc.) 


vertical coated titanium anodes and mild steel cathodes with mesh bolted to a perforated 
steel back plate. Copper springs are attached to the back of the perforated cathode 
plate and the anode of the adjoining cell. This electrical connection is immersed in the 
catholyte during operation. Figure 5.14 depicts the internals of the cell. Each bipolar 
element can have an active area of lOOm^. These cells operate at current densities of 
about 0.5kAm“^. 

The Dow electrolyzers have 50 or more cells in one unit and each electrical circuit 
may consist of only two of these units. The cells operate at about 80°C, allowing the 
use of vinyl ester resins and other plastics for cell construction. Because of the low 
operating current density, the cell voltage is only 300-^00 mV above the thermodynamic 
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decomposition voltage. Dow neither license their diaphragm-cell technology nor discuss 
their operating data in open forum. 

The Glanor electrolyzer [80-82], developed jointly by PPG Industries and DeNora, 
consists of a series of bipolar cells clamped between two end plates by tie-rods to con¬ 
stitute an electrolyzer. Each electrolyzer contains up to 11 cells. The bipolar electrode 
consists of a steel plate with a titanium lining to which the anode fingers are connected on 
one side and the cathode fingers on the other. The electrode is set into a bipolar element 
(Fig. 5.15) consisting of channel frame around the anodes, lined with titanium to protect 
it from corrosion arising from the chlorine containing acidic anolyte. These elements 
are then clamped together, the anode of one facing the cathode side of another, to form 
a cell. 

A unique feature of the cathode design is the extension of the cathode fingers from 
the back plate, which allows easy inspection of the cathode surfaces, and the adaptability 
to use synthetic separators with minor modifications. The anolyte compartment is con¬ 
nected to an independent brine feed tank by flanged connections and chlorine leaves from 
the top, through the brine feed tank and then to the chlorine header. Each electrolyzer is 
fitted with a level alarm, which monitors the level of all the cells in the unit. Figure 5.16 
is an isometric cutaway of a Glanor V Type 1144 electrolyzer. 

There are two versions of the Glanor electrolyzer: V-1144 containing 11 cells, each 
having an area of 35 m^, and V-1161 containing 11 cells, having an area of 49 m^ per 
cell. The Glanor cells are currently used only by PPG Industries in the United States, 
Mexico, and Russia. 



with Ti lining 


FIGURE 5.15. Glanor® bipolar element. (With permission from John Wiley & Sons, Inc.) 
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Brine Feed 



5A.2, Vertical Diaphragm Cells 

Vertical diaphragm cells are either cylindrical or rectangular. The cylindrical cells include 
the Gibbs, Moore, and Wheeler cells [83,84]. The rectangular cell designs are the 
Allen Moore, Townsend, Nelson, Hooker, Diamond, Solvay & Cie, Kureha Chemical, 
Nippon Soda, Showa Denka, and ICI cells. The only supplier of diaphragm cells today 
is ELTECH, who provides the Hooker H-Type and Diamond MDC-type electrolyzers. 
The reader is referred to Chapter 3 and the literature [66-68,71,85] for details related to 
the Hooker-Uhde cells and the earlier versions of the S- and H-type cells. 

The major workhorse of the diaphragm-cell electrolysis is the ELTECH electrolyzer, 
H-4 and MDC-55. There are several common features in these cell designs, as can be 
seen in Fig. 5.17. The base of the cell is a copper plate with spot faced holes to anchor 
the anodes (Fig. 5.18). It also acts as a current conductor. Either a sheet rubber cover or a 
titanium base cover using rubber rings around the anode posts protects the copper base. 























FIGURE 5.18. Anode base plate. (With permission from ELTECH Systems Corporation.) 













410 


CHAPTER 5 


The cathode structure is complex and generally consists of an inner assembly and 
the shell. The former is made of cathode tubes, fabricated out of perforated steel plates 
in H-cells and wire mesh in MDC cells. The cathode tubes are held together on each 
side by a tube sheet in MDC cells. Stiffener straps provide structural support and vertical 
screens and horizontal rim screens complete the inner assembly. Thus, the components 
of the cathode shell are its side plates, rear end plate, gird bar, end connectors, side and 
end bars, lifting lugs, and hydrogen outlet, which are welded together. The cathode tubes 
run parallel to the current flow in both these cells. 

The major difference between the MDC and H-type cells is the manner in which 
the current is distributed over the cathode. In the MDC cells, current distribution bars 
carry the current directly from the side plate to the tube sheet. A copper gird bar is then 
bonded to the steel side plate by silver brazing or explosion bonding, thereby providing 
a greater cross-sectional area for the current to travel into the shell (Fig. 5.19). On the 
other hand, the copper gird bar in H-4 cells is perimeter welded to the steel shell, forcing 
all the current to pass via the copper welds. Corrugated supports, welded to the side 
plate, carry the current to the fingers. The H-4 cathode has copper rods embedded in 
the valleys of steel corrugations (Figs. 5.20 and 5.21) to provide a lower cell structural 
voltage drop. 

Recently, ELTECH made a series of improvements to both series of cells to reduce 
the voltage and to achieve a longer diaphragm life. ELTECH’s Advanced Diaphragm Cell 
Technology, ADCT^^, includes Polyramix® diaphragms and Energy Saving Anodes, in 
addition to the modifications made to the cathode structure. The anodes were designed 
with heavy expanders to lower the structural ohmic drop. The use of fine, unflattened 
mesh installed over traditional flattened mesh allowed zero-gap operation with the Poly- 
ramix diaphragms. The H-4-75, H2-A-42, and MDC-55 cells were reconfigured with 
more surface area by decreasing the cathode tube spacing and installing more anodes. 



Side Plate 
(Backside) 


End Plate 
(Operating 
Aisle) 


End 

Connector 

Plate 


FIGURE 5.19. MDC-55 cathode assembly showing current distributor blocks. (With permission from 
ELTECH Systems Corporation.) 
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FIGURE 5.20. Current distributor bars of MDC series cells. (With permission from ELTECH Systems 
Corporation.) 



FIGURE 5.21. Current distributor bars of H series cells. (With permission from ELTECH Systems 
Corporation.) 


The latter was made possible by redrilling the base plate to accommodate a closer anode 
spacing. As a result, the cell designations have been changed as: MDC-55 to MDC-66, 
H2-A-42 to H2-A-50, and H-4-75 to H-4-93. Substitution of copper for steel in the 
design of the cathode tube supports is another change instituted in the ADCT™. 
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FIGURE 5.22. Cut view of ELTECH’s H-4 diaphragm cell. (With permission from ELTECH Systems 
Corporation.) 


Brine Hydrogen 



Caushc cell 
liquor 


FIGURE 5.23. ELTECH’s MDC cell: (a) Brine feed rotameter; (b) Head sight glass; (c) Cell head; (d) Cathode 
assembly; (e) Tube sheet; (f) Grid plate; (g) Cathode tube; (h) Grid protector; (i) DSA expandable anode. 
(With permission from ELTECH Systems Corporation.) 
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TABLE 5.3. Operating Characteristics of ELTECH Diaphragm Cells 



Standard design 



ADCT™ design 

e 

Characteristics 

MDC-29 

MDC-55 

H-2A 

H-4 

MDC-66 

H-4-93 

Current capacity, kA 

80 

150 

80 

165 

180 

200 

CI 2 capacity, tday“^ 

2.43 

4.55 

2.42 

5.00 

5.45 

6.06 

Caustic capacity, t day“ ^ 

2.74 

5.14 

2.73 

5,64 

6.16 

6.85 

H 2 capacity, day" ^ 

798 

1497 

798 

1647 

1796 

2000 

Current density, kA 

2.76 

2.74 

2.21 

2.56 

2.74 

2,56 

Voltage, V (includes 

3.60 

3.60 

3.35 

3.40 

3.10 

3.06 

intercells) 

Energy consumption, DC 

2847 

2839 

2655 

2694 

2454 

2423 

kWhrton"^ of CI 2 

Diaphragm life, days 

200" 

200^ 

300" 

275^ 

3-5 years^ 3- 

-5 years^ 

Anode life, years 

8-10 

8-10 

8-10 

8-10 

8-10 

8-10 

Cathode life, years 

5-8 

5-8 

5-8 

5-8 

5-8 

5-8 

Distance between 

1.60 

2.13 

2.32 

3.05 

2.13 

3.05 

cells^, m 


Notes: 

SM-2 diaphragm. 

HAPP diaphragm. 

^ Polyramix® non-asbestos diaphragm. 

Distance is measured from center line to center line with intercell bus connected. 

ADCT includes increased active area, Advanced technology cathodes (ATC™), Energy saving anodes 
(ESA™)^ Polyramix^M diaphragms, zero-gap operation, titanium base covers (Tibac^M) and Telene™ 
cell tops. 


The sealing medium for both MDC and H series cells is either cell putty or elastomer 
gaskets. The use of cell putty on gaskets limits the life of a diaphragm. The typical 
operating life of cell putty is 9-18 months. 

The cell top is a clamshell molding and has been FRP based since 1969. However, 
injection-molded Telene tops have been gaining prominence since 1990. Telene^^ is a 
poly dicyclopen tadiene thermoset polymer made by Cymetech. Figures 5.22 and 5.23 
show the cell designs of the MDC and H series diaphragm cells. Table 5.3 depicts the 
comparative performance characteristics of these electrolyzers with standard design and 
ADCT design [86-88]. 


5.5. MEMBRANE-CELL TECHNOLOGIES 
5.5.7. Guidelines for Choosing Cell Technologies 

In the early 1990s, membrane-cell technology was available from seven or eight 
suppliers. However, there are now only five suppliers of ion-exchange membrane cells. 
They are Asahi Kasei, Chlorine Engineers, ELTECH, Uhde, and INEOS Chlor (formerly 
ICI). Both monopolar and bipolar cells are available from these cell manufacturers, but 
bipolar cells have become more popular in recent years. 
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Significant developments have been made in all designs; as a result the cells operate 
at an energy consumption of 2000-2100kWhrton“^ of NaOH at 5kAm“^. The key 
design modifications closing any technical gap between these cell designs include: 
internal anolyte circulation, ensuring that the cell is full and all the membrane is wet 
all the time without any stagnated regions where the gases contact the membrane, uni¬ 
form current and salt distribution in the anode compartment, absence of fluttering of 
the membrane during startup and steady-state operation, improved gasket designs and 
materials, and minimal ohmic drops. Granting that the differences between the electro¬ 
lyzer designs have narrowed and that the cells are technically sound, it becomes onerous 
to the chlor-alkali producer to select the most appropriate cell technology from among 
those available. 

The choice is generally based on overall capital costs, energy consumption, and 
operating costs over the life of the cell. These issues are discussed below. 

The dominant role of energy consumption in chlor-alkali economics makes it the 
most important aspect of cell performance. If one type of cell can offer substantially lower 
energy consumption than others, it will have a major advantage in any techno-economic 
comparison. This fact is the single most important reason for the ongoing conversion of 
the industry to membrane cells. 

Any membrane-cell design with a clear advantage in energy performance will no 
doubt be recommended over others. During the rapid evolution of membrane-cell tech¬ 
nology over the past 25 years, there have been times when such differences existed. With 
the trend toward higher operating current densities, we have already noted the advant¬ 
ages of bipolar designs in this regard (Section 5.2). It is also true that refinements in 
bipolar cell design have removed many sources of inefficiency and that the differences 
in performance among the leading electrolyzer designs have become relatively small. 

A glance at Table 5.4 shows this to be the case. While the percentage differences in 
energy requirements may be small, we have seen examples in this book of the economic 
importance of some of these small differences. A change of 20 kW hr ton" ^ in an 800-tpd 
plant operating 350 days/year represents 5.6 GW hr year. At $30 MW hr" the cost is 
$168,000/year. 

Still, a small relative difference in performance between two types of cell or two 
different proposals raises the question of its sustainability. The discussion of membrane 
performance in Section 4.8.5 makes it clear that performance deteriorates with time. The 
rate or extent of deterioration becomes just as important as the initial performance. It is 
essential for anyone studying the justification for a new membrane-cell installation or 
evaluating the differences between offers to understand this and to quantify it to some 
degree. The following are important factors: 

1. Extent and quality of field experience (Where is the membrane/cell combination 
used? Has experience been good or bad at startup and after extended operation?). 

2. Company/site experience with membrane cells (veterans or beginners?). 

3. Commissioning assistance available. 

4. Anticipated quality of technical service. 

Sources of information include: 

1. membrane suppliers 

2. technology licensors 



TABLE 5.4. Comparison of Bipolar Membrane Cell Technologies 
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Anode coating All use Ti/Ru/Ir based coatings 



Cathode coating Plasma sprayed “NiO” Special nickel plating Plasma sprayed Ni-Al Pt based Plasma sprayed 
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3. contractors and technologists 

4. operating companies 

5. literature 

6. grapevine 

Much of the available literature deals with the progress of membrane technology 
and describes performance under well-controlled laboratory conditions. Other reports 
describe the effects of artificial disturbances, which usually are made in order to acceler¬ 
ate rates of deterioration. There is no scientific way at present to calculate the effects of 
likely plant disturbances on cell performance and component life. In this situation, the 
relative importance of other components of the life-cycle cost increases. Some of these 
are hard to quantify, but this is no reason to ignore them. 

Pearson [89] presented a method for the evaluation of these factors. This was 
intended for use by those who are considering adopting membrane-cell technology, 
and we approach the subject from the same viewpoint. Pearson’s outline included the 
following: 

Technical Criteria 
Membranes 
Energy consumption 
Materials 
Products 

Operating characteristics 
Maintenance 

Commercial Considerations 
Engineering capability 
License terms and conditions 
Operational support capability 
Licensor background 
Evaluation 
Intangibles 


5.5.7.7. Membranes, Membrane costs are considerable, about $10ton“^ of product 
in many cases. In most evaluations, membranes are assigned an average useful life, 
frequently an integral number of years. The same is true of other components such as 
electrodes, their coatings, and gaskets. A long-range evaluation should consider the 
interactions among the various numbers. Assume, for example, that membranes have 
a 3-year life and gaskets a 5-year life. Assume further that changing gaskets requires 
the membranes to be discarded and replaced, and that the service lives mentioned are 
precise numbers rather than statistically distributed averages. The average membrane 
life becomes 2.5 years, and the cost of their replacement is 20% higher. It may be better 
to change the gaskets each time the membranes are removed, incurring a 40% loss in 
attainable gasket life. 

Most producers will want to establish more than one source of supply of membranes. 
Many will want to have several different types of membranes at startup in order to 
begin comparative evaluations. It is important to discuss this with the cell supplier and 
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to determine any effects on required operating conditions, contractual terms, patent 
indemnities, and technical service policies. 

It is always physically possible to install different types of membrane, but when 
different operating conditions are necessary for the different types, or when their presence 
complicates contractual matters or makes guarantee provisions less clear, this option 
becomes less practical. 

Membranes do not fail suddenly. However, because of surges of brine impurities, 
excursions in electrolyte composition, over-acidification of the feed brine, or mechanical 
damage, sudden failures do occur, the usual situation being a gradual deterioration in 
performance. The decision to replace a membrane should be based on a balance between 
the costs of replacement and power cost. The rate of deterioration determines the average 
performance during the life of a membrane. This information, not the initial operating 
data, should be used in an economic evaluation of the cell technology. 


5.5.7.2. Energy Consumption, The basis on which energy consumption is quoted must 
be clear and unequivocal. An electrolyzer supplier will quote only on DC consumption 
but may base the number on energy consumed within the cells or may provide data 
across the circuit including any intercell losses. At a minimum, the evaluation should 
include all losses between rectifier terminals. Ultimately, the AC requirement must 
be stated or estimated. The actual characteristics of rectifiers should be used in this 
determination. Evaluators should allow for conversion losses, based on efficiencies that 
represent rectifiers that may be operating below their full design load, and for equipment 
necessary to maintain a high power factor and control harmonics within allowable limits 
(e.g., capacitor banks). 

There are also differences in the specified electrolyte concentrations into and out 
of the cells. The resulting differences in flows affect pumping costs and the size and 
operating cost of treating systems. 

Undue emphasis on electrical energy consumption can result in quotes based on 
caustic concentrations less than the optimum. Unless all cell operating data are based on 
the same caustic concentration, differences in the cost of evaporation must be included 
in the evaluation. 


5.5.7.5. Auxiliary Materials, There are some differences between suppliers that are 
related to the details of brine specifications, which may make the treating requirements 
more onerous in particular cases, and translate into increased capital or operating costs. 
When treatment needs add to the difficulty of operation and the probability of failure, 
evaluation becomes more elusive. There are also differences in requirements for the 
auxiliary materials. Chapter 9 will show that there is not strong agreement on the amounts 
of chemicals required for primary brine treatment. Chapter 9 will also show that ion- 
exchange regenerant requirements are substantial and will vary from one technology to 
the next. 


5.5.1.4. Products. Product quality is another important aspect for which one usually 
can expect to see few superficial differences among the various offers. One aspect of 
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gas “quality” that must be considered is the operating pressure. Various references in 
Chapters 9 and 17 describe the efficiencies and lower costs offered by delivering gas under 
positive pressure. Otherwise, there will be little to choose in hydrogen quality. Chlorine 
quality is affected by subatmospheric pressure between the cells and the compressors and 
by current inefficiency. Poor quality translates into high processing cost. It also reduces 
the efficiency of liquefaction or requires the application of more severe conditions to 
achieve a certain liquid recovery. 

The most important impurity in chlorine is oxygen, particularly so in its major 
application, the synthesis of ethylene dichloride. As discussed in Section 9.6.1 and in 
parts of Chapter 11, acidification of feed brine is a common practice that helps to reduce 
the oxygen content of the cell gas. The acid of choice is HCl, and this is frequently 
produced on site from the cell product gases. 

Use of brine acidification requires proper accounting for the cost of HCl. This is 
straightforward when acid is purchased from an outside source. Internal production of 
acid brings in several options. First, a project definition may provide for production of a 
certain amount of chlorine from the cells. In this case, the production of HCl for use in the 
process directly reduces the amounts of chlorine and hydrogen available for other uses. 
It also reduces the amount of caustic product available. This is a result of the addition of 
HCl to the brine. It increases the efficiency of production of chlorine by the cell but has 
no effect on the amount of caustic produced. The higher yield of chlorine means that the 
amperage can be reduced, saving on the electrical cost but also producing less NaOH or 
KOH. The reduction in the amount of product available for external use is an important 
economic consideration. Second, if the project definition provides instead for a certain 
amount of chlorine available after production of internally consumed HCl, the amount 
of gas produced must increase. This can increase the electrical cost substantially but also 
gives more caustic product. The value of this depends on market conditions. The costing 
of the chlorine used to produce HCl may reflect the difficulty of liquefaction of an equal 
amount. Section 9.1.7 points out that the severity of liquefaction must increase as recov¬ 
ery becomes greater. The incremental energy cost increases rapidly as the concentration 
of noncondensable gases in the chlorine mounts. Chlorine that is present in the tail gas, 
the usual source of manufactured HCl, is less valuable than chlorine that is present in 
more concentrated streams. 

The quality of caustic from membrane cells depend on the relative rates of transport 
of various species across the membrane. The user should be aware that the rates of 
transport of anions are less sensitive to the current density than is the rate of transport 
of Na"*" or K"^. When production is curtailed or stopped, the concentrations of anions 
such as Cl“ and CIO^ increase. This becomes an important effect when there are tight 
product specifications. This situation is more likely in the case of KOH production. Not 
all membranes are equal when it comes to rejecting Cl“ and CIO 3 . 


5.5.7.5. Operating Characteristics. Operating characteristics in Pearson’s scheme of 
things include system considerations such as control of the cells, operating dynamics, 
and analytical requirements. One control aspect that deserves some attention is the 
acceptable range in differential pressure across the membranes. This is an important 
parameter because excessive swings in differential pressure allow the membrane to shift 
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its position between the electrodes. This movement can lead to mechanical fatigue, 
and so rapid fluctuations in pressure are especially dangerous. The requirements for 
process control must be judged in terms of the operating pressure. Allowable differential 
pressure is a small fraction of absolute operating pressure. Operating the cells under 
positive pressure aggravates the control problem, and Section 11.4.2.1 discusses this 
issue. 


5.5.1.6. Evaluation and Commercial Considerations. The evaluation that follows col¬ 
lection of the data can profitably use a method of differences. Each technology is 
evaluated for each factor against a base case. The technology most familiar to the evalu¬ 
ators (or for which the most reliable information is available) is a natural choice for the 
base case. The relative capital costs of all candidate processes are then assembled, area- 
by-area. The comparison must not be confined to the electrolyzers and their auxiliaries 
but should include the differences seen in the following: 

1. brine preparation and treatment 

2. chlorine processing 

3. hydrogen handling 

4. caustic evaporation and handling 

5. utilities 

6. waste treatment 

7. auxiliaries 

8. other costs (e.g., design, site development, acquisition of permits, etc.) 

The analysis of operating costs should be on a similar basis. Small differences in unit 
consumption rates can become quite important. 

Commercial considerations are beyond the scope of this book, but they are extremely 
important in financial analysis. The financial criteria must be clearly stated before ana¬ 
lysis begins. The discounting philosophy or the rate of return to be used in judging 
incremental! investments should be shared with bidders. This will then allow and require 
them to provide the best balance between capital and operating costs in determining, for 
example, the current density on which to base their offers. 

Finally, there are the ubiquitous intangibles such as corporate agreements or “deals” 
between the chlor-alkali producer and the cell technology supplier or its parent organ¬ 
ization, the membrane supplier, and the anode vendor. This is sometimes a reality, in 
which case the cell technology comparison may become moot. 

The many factors that seem to defy rigorous analysis can be quantified in different 
ways. One would involve probabilistic estimates and assign hard numerical values to 
each factor. The size and quality of the reliable database, however, do not support this 
approach. It becomes a judgmental exercise. Another is to prepare a matrix of the various 
factors considered to be important in a given analysis. Some of these factors might be: 

1. safety; 

2. licensor’s field experience; 

(a) with membrane offered 

(b) with cell configuration offered 
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(c) at similar plant capacities 

(d) at similar current densities 

3, other field experience with membrane in cells of similar configuration 

4. ease of cell handling and renewal 

(a) types of labor required and size of crew 

(b) sophistication 

5, uniformity of current distribution 

(a) between electrolyzers 

(b) between electrodes in given electrolyzer 

(c) across face of electrodes 

6. quality of performance guarantee (not specific data, but evaluator’s assessment 
of reliability) 

1, expected quality of technical service 
8. patent indemnities 


Each item selected for evaluation is given a weighting factor reflecting its import¬ 
ance, The fact that evaluators expect to see small differences in certain areas should not 
cause them to proclaim these items of little importance and to assign low weighting 
factors. There is a certain esthetic appeal in having the values of all the weight¬ 
ing factors add up to 100 or 1,000. Finally comes the evaluation of the various 
offers. Each is assigned a score based on narrow consideration of the issue at hand. 
For example, take item #4, the ease of cell handling and renewal. This should not 
include the time expended, the production lost while changing amperage or while the 
electrolyzer berth is empty, or the cost of performing a normal cell renewal. These 
are quantifiable and should be in the comparative cost analysis. This item relates 
instead to the disruption of normal labor assignments (how many people are required 
during peak handling/renewal activity? where do they come from?) and to the com¬ 
plexity of the renewal process (what training is required? what is the likelihood of 
error?). 

The scores assigned should be on a uniform scale for each factor analyzed (e.g., 
0-10). Any other scale can be used, but the use of more than one significant figure, or 
“1.3” significant figures with half-points allowed, usually is not justified by the quality of 
the information available and the different perceptions of various evaluators. Weighting 
factors and scores are then multiplied together and the products added to give final totals. 
The method is also consistent with the use of “go/no go” criteria, where options that do 
not meet preset conditions are rejected. It can also create go/no go levels, for example, 
the rejection of a design that is clearly rated less safe than others, without consideration 
of its merits. 

It is difficult to agree on what is perfect in any item. Rather than assign 10 as a 
perfect score and deal with the variability in opinion on how far an offer falls short, it 
may be more convenient to rate the best candidate at 10 and then to evaluate the others 
by comparison. A similar approach would take up Pearson’s suggestion to choose the 
most familiar or best-documented technology as a base case with scores of zero or ten 
and to rate all others by direct comparison. 
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This procedure has the advantage of bringing essentially qualitative judgments 
together in the form of a single number. Perhaps it is unnecessary to point out that the 
method has little value unless the weighting factors are agreed upon before doing the 
analysis. 


5.5.2. Electrolyzer Technologies: General 

Electrolyzers are classified as monopolar or bipolar, depending on the manner in which 
an electrical connection is made between the electrolyzer elements. In the monopolar 
type, all anode and cathode elements are arranged in parallel (Fig. 5.2A). Such an elec¬ 
trolyzer will operate at a high amperage and low voltage. While the amperage is set by the 
number of elements in an electrolyzer, the voltage depends on how many electrolyzers 
are in an electric circuit. In a bipolar configuration, the cathode of one cell is connected 
to the anode of the next cell, and thus the cells are configured in series (Fig. 5.2B). This 
scheme of cell assembly results in operation of the electrolyzers at low amperage and 
high voltage. The bipolar arrangement gives a low voltage drop between the cells. How¬ 
ever, problems associated with current leakage and corrosion arise in bipolar operations, 
since the feed and discharge streams of electrolytes having dilferent electrical potentials 
are hydraulically connected through common manifolds and collectors. These problems 
can be avoided by limiting the number of elements per electrolyzer to limit the overall 
stack voltage to an acceptable value. The monopolar design, on the other hand, suf¬ 
fers from the voltage losses in the inter-electrolyzer bus bars. This inevitable drawback 
can be minimized by a conservative design. While the bipoleir systems allow shutdown 
for maintenance of a single electrolyzer unit, independently from the rest of the plant, 
monopolar electrolyzers have to be designed in such a way that an individual electro¬ 
lyzer can be short-circuited, enabling maintenance and membrane replacement without 
shutting down the entire circuit. It is also possible to combine these two configurations 
in a hybrid electrolyzer arrangement. This has been used in conversion projects where 
the electrolyzers had to be configured properly to integrate with the existing rectifiers 
and their performance. 


5.5.5. Commercial Electrolyzers 

All membrane electrolyzers have common general design features such as vertical 
arrangement of membranes, stacked elements, and usage of similar materials of 
construction. Nevertheless, there are quite substantial differences in the cell design. 

One difference is the manner of achieving effective sealing of the electrolyzer. The 
most common version is the filter-press arrangement, where tightness is achieved by 
pressing together all elements of the electrolyzer from both ends. The relatively high 
sealing forces are produced by hydraulic devices or tie rods. A different approach is 
the single element design, first developed and applied by Uhde, where each element is 
individually sealed by a flanged connection between the cathode and the anode semi¬ 
shell. The pre-assembled elements are stacked to form an electrolyzer, but only moderate 
forces are applied to ensure electrical contact. 

As membrane development allows increasing current densities, electrolyzer intern¬ 
als have to meet the related effects. Essential design targets are the minimization of 
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Structural voltage losses, homogenization of electrolyte concentration and temperature, 
and measures to counter problems related to the increased gas evolution. 

All the technology cell suppliers claim that their cells can operate at current dens¬ 
ities greater than 5 kA m~^ with an energy consumption of 2,000-2,100 kW hr ton“^ of 
caustic at 5 kA m“^. They also claim that their designs have addressed and solved many 
of the problems observed during their operation. Details are in their publications and 
promotional literature. 

The key component of a membrane cell is the ion-exchange membrane, which 
determines the performance characteristics of the cell, reckoned in terms of cell voltage, 
current efficiency, product purity, and the active life of the cell. The ion-exchange mem¬ 
brane operates best if it maintains its dimensional and structural integrity in the cell during 
startup, shutdown, and operation. It is essential that the membrane is fully stretched in 
the cell without any folds or wrinkles and is not subjected to physical wear or fluttering. 
Furthermore, the entire surface of the membrane should be exposed to a constant flux of 
sodium ions and water molecules during operation. 

The prerequisites for realizing a constant and uniform flux are: uniform current 
density, temperature, and electrolyte concentrations. Uniform current density across 
the membrane requires proper geometry of the electrodes and an efficient design for 
delivering current to the anode and cathode structures and distributing it to the faces 
of the electrodes. Another factor that will skew the current and concentration distri¬ 
butions is the presence of gas bubbles in the anolyte facing the membrane. Achieving 
uniform concentration of salt at a constant temperature across the face of the entire 
membrane requires efficient circulation in the cells by natural or forced circulation. 
Ensuring the absence of gas bubbles that will cause local blinding of the membrane 
and local depletion of salt depends on effective removal of gas bubbles from the top 
of the cell and where the gas is disengaged from the anolyte. How each technology 
achieves the above needs to keep the membrane “happy” depends on the specific 
design features in the cell. A detailed knowledge of these features will allow the 
technology users to evaluate the appropriate one that would be comfortable to them. 
These cell design features are not always clearly elaborated in the cell description 
brochures. Summing up, the questions that should be asked by the buyer are as 
follows. 

1. Electrolyte feed: How uniform is the electrolyte distribution in a given cell and 
in the electrolyzer stack? Is the same amount of brine going through each cell? 
How does the given cell design accomplish this uniformity in concentration 
within the cell and across the cell stack? 

2. Gas outlets: How well are the gases taken out of the cell without any surging, 
and ensuring that the entire membrane is completely wet? 

3. How good is the internal circulation in the cell? What specific feature of the 
cell design allows uniform distribution of reactants and temperature within the 
system? Reactants include protons! 

4. How well are the membranes supported to minimize flutter during startup, 
shutdown, and load fluctuations, without causing any stress on them? 

5. What specific anode and cathode geometry and membrane structure ensure that 
there are no electrically dead zones in the membranes? 
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6. How uniform is the current distribution across the membrane and between the 
cells? 

7. What is the voltage drop across the intercell connectors (in a monopolar cell) 
or the connecting strips (in bipolar cells)? What specific design feature allows 
minimization of these voltage drops? 

8. How difficult are assembly and disassembly? Ease includes simplicity and 
minimal manpower requirement. 

9. How difficult is it to replace a cell or a cell stack? 

10. How complex are maintenance and repair? 

11. How complex and expensive is the cell renewal process? 

12. How difficult is it to identify and reach a damaged cell? 

13. Is individual cell voltage monitoring available? 

The following section addresses the actual electrolyzer designs of the suppliers. 


5.5.3.1. Asahi Kasei Chemicals. Asahi Kasei’s electrolyzer (Acilyzer-ML®) [90-93] is 
a filter-press type bipolar cell holding a series of cell frames up to a total of 180. The right 
side of Fig. 5.24 shows a front view of the cell frame and the bipolar cell element. The 
left side shows a cross-sectional view or two cell frames with the membrane in between. 
Various components are labeled. A unit cell consists of the anode compartment from one 
bipolar cell frame, a membrane, and the cathode compartment of a second bipolar cell 
frame. 

The anode compartment is titanium and the cathode compartment is nickel. Both 
of these compartments are combined onto a partition wall made of an explosion-bonded 
titanium-steel plate. Anodes and cathodes are spot-welded onto the ribs of each 


Catholyte Anolyte 



FIGURE 5.24. Schematic of Asahi Kasei’s ML32NC and ML60NC cells. (With permission from Asahi Kasei 
Chemicals.) 
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compartment. Each compartment has an electrolyte inlet at the bottom and gas/liquid 
outlet at the top. These are connected to the inlet and outlet headers by PFA hoses. AKFs 
activated cathode does not require the installation of a polarization rectifier. The anolyte 
headers are titanium and the catholyte headers are nickel. Supporting arms on both sides 
allow the cell frames to hang on the side bars of the filter press. 

The model ML32 with an effective membrane area of 2.7 has an annual pro¬ 
duction capacity of about 15,000 tons of NaOH (100% basis) with 100 cells. ML60 has 
an effective area of 5.05 m^ and an annual production capacity of 30,000 tons of NaOH 
(100% basis). 

The Asahi Kasei electrolyzer can operate at pressures up to 100 kPa. Its structure is 
strong enough to allow an operator to stand on top of the cell frame during maintenance, 
thereby eliminating the need for a separate maintenance area. 

Both anolyte and catholyte are circulated in the cell chambers. Uniform concentra¬ 
tion is achieved by forced or natural circulation as shown in Fig. 5.25. 

As of 2002, a total production capacity of about 6,820,000 tons of caustic per year 
was in operation or under construction with Asahi Kasei technology. 


5.5.3.2. Chlorine Engineers Electrolyzers. Chlorine Engineers Corporation (CEC), 
a subsidiary of Mitsui and Company, produces the filter-press type, monopolar mem¬ 
brane electrolyzer shown in Fig. 5.26 [94]. Uniform electrical current travels into each 
anode element through titanium-clad, copper-cored conductor rods and current distrib¬ 
utors. The current distributor also serves as a downcomer, which promotes circulation 


Membrane Membrane 




A B 

FIGURE 5.25, Forced (A) and natural (B) circulation in Asahi Kasei cells. (With permission from Asahi 
Kasei Chemicals.) 
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FIGURE 5.26. CME monopolar electrolyzer showing bus bar alignment and internal circulation. (With 
permission from Chlorine Engineers Corporation.) 


of the electrolyte within the cell to maintain uniform concentration and efficient gas 
release. The internal circulation is intended to eliminate the necessity for an external 
forced recirculation system. 

The gasket thickness sets the electrode spacing, and either finite- or narrow-gap 
configuration is possible. The anode frame is titanium and the cathode frame is stainless 
steel or nickel. The anolyte volume is larger than it is in competing elements, therefore, 
the electrolyte gas void fraction is smaller. This feature also reduces the change in liquid 
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levels during shutdowns. CEC offers electroplated activated cathodes. Gas and liquid 
leave the cell in the stratified overflow mode, as the liquid level is maintained in the upper 
cell frame. Semitransparent PTI^ tubes are used to monitor the operation visually. The 
bus bars are installed beneath and at a right angle to the cell elements, requiring no 
equalizer between electrolyzers (see detail in Fig. 5.27). The bus bar can be used as a 
short-circuiting element by changing the connections. 

Chlorine Engineers also developed a bipolar electrolyzer, BiTAC®-800, with Tosoh 
Corporation. The electrolyzer [95-97] is of the filter-press type and has an effective 
membrane area of about 3.3 m^. Up to 100 elements can be assembled together by 
spring-loaded tie rods. The electrode frames are made of a special titanium alloy on the 
anode side and nickel on the cathode side. The wave-like structure of the cathode and 
anode pans serves the combined function of partition plates and conductor ribs, as shown 
in Fig. 5.27. 

The current is led to the anode mainly through nickel to avoid the ohmic losses from 
the poor electrical conductivity of titanium. The exit streams leave the cells by overflow¬ 
ing into the collecting pipes located at each side of the electrolyzer via external flexible 
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FIGURE 5,27. Current distribution in CME electrolyzer and bipolar element of BiTAC and cross-sectional 
view of the BITAC® cell element showing current path. (With permission from Chlorine Engineers 
Corporation.) 
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hoses. The membrane-cathode gap can be adjusted from a narrow to a finite value, to 
meet the requirements of various commercial membranes. BiTAC® electrolyzers have 
been operating at 5 kA m~^ since 1994, and at 6.5 kA m“^ since 1999. As of 2003, the 
installed capacity with these cells was 2,370,000 tpy of NaOH. 

Chlorine Engineers Corporation also provides the hardware for the Asahi Glass 
cells. Asahi Glass Company was a major supplier of cell technology [85], but they are 
no longer involved in the development of chlorine cells. Asahi Glass remains in the 
membrane business and is still a major manufacturer of chlorine. 

Asahi Glass Company developed monopolar and bipolar cells. The bipolar elec¬ 
trolyzer, AZEC IB 1-75, has 75 unit cells and operates in the current density range of 
1.5-6.0kAm“^, the energy consumption at 5kAm~^ being 2,100kWhrt“^ caustic, 
at 80-90°C, 5 kPa, and 32% caustic. Each unit cell is a single element consisting of a 
Ru-Ir-Ti-coated titanium anode and a Raney-nickel coated nickel cathode, which are 
bonded together. The electrode size is 2.88 m^. The anode mesh is welded to the stand 
offs located at 17.8 cm apart in the anode pan. Brine is fed from the bottom and controlled 
by a rotameter. The gases are disengaged from the top through a tube. The anode and 
cathode gaskets are made of EPDM. The differential pressure prevents flutter across the 
Flemion membrane. 


5.5.3.3. ELTECH ExL Electrolyzers. ELTECH offers three electrolyzers designated 
ExL^, ExL®, and ExL^® [98]. These are 1.5 m^ cells operating in monopolar, bipolar, 
and dense pak, “orientations” respectively. The monopolar ExL^ is the modified ver¬ 
sion of the earlier MGC (membrane gap cell) electrolyzer. The general cell design is of 
the filter-press type, where the elements are pressed together by tie rods using copper 
distributors or nickel reticulate between elements. The intercell connections are from 
the sides, and the support for the electrolyzer is the copper current redistribution bus bar 
between electrolyzers. The feed streams and products enter and leave the elements via 
the attached manifold devices, thereby allowing gravity flow to the inlet from the head 
tank and from the outlet to caustic circulation and depleted brine tanks. 

Improvements have been made to the anode and cathode design and fabrication 
techniques, as well as to the gasket and manifold materials. These have resulted in 
a uniform current distribution across the active membrane area and increased internal 
circulation. In addition, the use of modular bipolar “paks” with the use of only eight 
bolts reduces cell renewal time. 

One of the main features of this cell is the double-gasket design. The cathode O-ring 
is located closer to the liquid than the anode O-ring, which is not in permanent contact 
with the chlorinated brine, thereby serving as a well-protected back-up seal. Rounded 
comers in the anode and cathode pans eliminate gas stagnation in the comers of the cell. 

In the monopolar orientation, up to 30 membranes, with an effective area of about 
1.5 m^ each, can be put together to achieve a production capacity of 9.3 tons of NaOH 
per day (100% basis) at a current density of 6kAm~^. The ExL® (Fig. 5.28) is the 
bipolar version of the ExL^. The bipolar arrangement is realized by pressing the nickel 
cathode pan onto the nickel plated back of the anode pan. Up to 60 elements can be 
combined in one electrolyzer, to realize a production capacity of 22 tons of NaOH per 
day at a current density of 7kAm“^. The ExL®^® electrolyzer (dense pak) represents 
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FIGURE 5.28. ELTECH ExL® electrolyzer. (With permission from ELTECH Systems Corporation.) 


a hybrid cell-arrangement, combining multiple ExL® blocks, each containing two to 
ten elements, in one electrolyzer unit. The blocks are electrically sepcirated from each 
other using standard monopolar components. ELTECH is developing a 3.1 m^ version 
of the ExL bipolar design consisting of 80 elements for a production capacity of 60 tpd 
at7kAm"^ [99]. 

As of 2003, the total installed capacity with these cells was 1,000,000 tpy. 


5.53.4. INEOS Electrolyzers. INEOS’ FM21-SP monopolar electrolyzer (Fig. 5.29) 
uses stamped electrodes. The anode is a 2-mm thick titanium panel between compression- 
molded joints of a special cross-linked EPDM elastomer. The cathode is a 2-mm thick 
nickel panel between compression molded EPDM joints. 

The anodes and cathodes are assembled between two end plates, up to 60 anodes in 
the FM21-SP and up to 90 anodes in the larger FM-1500. A key feature of both designs 
is the elimination of any external piping to the individual cell compartments by the use of 
a simple but effective internal manifold arrangement. As shown in Fig. 5.30, the anode 
and cathode panels are designed to form feed and discharge channels when assembled. 

The electrolyzer has coated titanium anodes, while the cathodes are made of pure 
nickel, either plain or coated with activated coatings. Both electrodes are pressed from 
integral sheets of pure metal, and this makes recoating of the electrodes simple and cost- 
effective. The upper left side of Fig. 5.29 shows electrical connectors attached to the tops 
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FIGURE 5.29. INEOS FM21-SP monopolar electrolyzer. (With permission from INEOS Chlor Ltd.) 
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FIGURE 5.30. INEOS BiChlorTw electrolyzer. (With permission from INEOS Chlor Ltd.) 


of the cathodes. There are similar attachments to the bottoms of the anodes. Rexible 
copper strips, formed of many thin copper leaves, link the cathodes of one cell to the 
anodes of an adjacent cell. Each strip normally connects two cathodes to two anodes. 
Recoated structures can be sent to the site before electrolyzer refurbishment from a pool 
of electrodes kept in stock by the electrode supplier. The removed electrodes are recoated 
without interfering with plant operations and are added to the pool of electrodes. 

The effective electrode area of one monopolar cell is 0.21 m^, which makes this elec¬ 
trolyzer very compact [100]. The individual, lightweight electrodes are readily handled 
without the need for lifting devices, allowing the electrolyzer to be rebuilt or refurbished 
by a small crew in a short time. 
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The INEOS BiChlor™ electrolyzer [101-103], shown in Fig. 5.30, is a modular 
bipol 2 ir design that uses the unit-cell principle. Each module is termed “Nestpak,” con¬ 
sisting of an anode, a membrane, and a cathode. Anodes and cathodes are both expanded 
mesh. The anode mesh is welded to current carriers that, in turn, are welded to the anode 
pan at certain intervals. Current transfer to the electrode meshes is through multi-legged 
spiders. The configuration and spacing of the spiders are chosen to provide even current 
flow across the whole membrane area. In the standard design with a cross-sectional area 
of about 2.9 m^, the legs of the spiders effectively provide 32 electrical conductors in 
parallel on each side of the membrane (Fig. 5.31). 

The anode and cathode pans have dimples that give them their characteristic shape. 
The dimples interlock when an electrode pack is assembled. Figure 5.31 shows that the 
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FIGURE 5.31. Current distribution to mesh electrodes in the BiChlor cell. (With permission from INEOS 
ChlorLtd.) 
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anode-pan dimples closely approach the anode mesh and the membrane. Cathode-pan 
dimples protrude away from the membrane. This leaves the cathode spider some distance 
from the pan. Metal strips are added to provide a connection with high conductivity. 

Internal mixing of electrolytes is driven by gas lift. Feed headers run the full width 
of the electrodes, giving even distribution of electrolyte flows. Internal baffles complete 
the process by preventing channeling of the gas flow. One intent of these design features 
is to permit controlled acid injection into the brine in order to limit the oxygen content of 
the chlorine gas, without the need for extensive recirculation devices. Internal circulation 
is promoted by the use of a split baffle. 

Similarly, gas leaves the compartment along its entire length. This minimizes 
pressure drop and, with an elevated discharge header, keeps the entire surface of the mem¬ 
brane wet. Tests with a demonstration electrolyzer showed a cell voltage of 3.02-3.05 V 
(depending on the membrane) at a current efficiency of 96-97% at 6 kA m“^. 


5.5.3,5. Uhde Bipolar Electrolyzers^ Single Element Design. The characteristic feature 
of the Uhde membrane electrolyzer is its single-element design [104-108]. Each ele¬ 
ment consists mainly of anode and cathode semi-shells separated by an ion-exchange 
membrane. Unlike the filter-press design used in other electrolyzers, each element is 
individually sealed by a separately bolted flange with a gasket. This enables long-term 
storage of fully assembled elements in working order. The elements are suspended on 
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FIGURE 5.32. Uhde BM-2.7 electrolyzer. (With permission from Uhde GmbH.) 





CHLOR-ALKALI TECHNOLOGIES 


437 



Cathode half shell 


Feed Pipe 


__ Foam 

Anode half shell 
_ Baffle plate 

Contact strip 

Downcomer plate 


Feed pipe 


Discharge 


FIGURE 5.33. Uhde single element, 3rd generation. (With permission from Uhde GmbH.) 


a steel rack and are pressed together to establish good electrical contacts. High forces 
are not required to achieve effective sealing in the single-element concept. Up to 160 
elements can be combined in one electrolyzer, as shown in Fig. 5.32. Currently, single 
elements of the third generation, as shown in Figs. 5.33 and 5.34, are used. The stand¬ 
ard electrolyzer configuration is the bipolar arrangement, although monopolar or hybrid 
arrangements can be made, as needed by the customer. 

The current passes from the back of the cathode wall from one element to the back 
of the anode wall of the subsequent element by a series of contact strips. Voltage losses 
are kept low by a laser-welded, direct connection between the outer contact strips and 
by vertical inner current-conducting plates and the electrodes (Fig. 5.35). Both brine 
and caustic enter the element through flexible hoses leading to horizontal inner distribu¬ 
tion pipes. These provide uniform feed concentration profiles inside the compartments. 
Internal circulation is enhanced by two baffle plates located in the anode compartment. 
The upper, inclined baffle plate provides a constant exposure of brine to the mem¬ 
brane, thereby avoiding gas-phase blistering of the membrane. In addition, the vertical 
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FIGURE 5.35. Current contacts in Uhde single element. (With permission from Uhde GmbH.) 


baffle plate contributes to the uniformity of both temperature and concentration in the 
compartment. 

The product gases leave the elements together with the electrolytes downward 
through vertical discharge pipes, the collectors, and flexible PTFE hoses. All inlet and 
outlet connections are located at the bottom of the electrolyzer, releasing the space 
above the cell for maintenance access. The mesh-type anode serves as a support for the 
membrane, while a defined gap can be maintained between the louver type cathode and 
the membrane by spacing devices. 

The typical electrode active area is 2.7 m^ (1.8 m^ is also available), and the annual 
electrolyzer production capacity can be up to 28,000 tons of NaOH (100% basis, with 
electrolyzers having 160 elements at 6.0kAm“^). In 2002, Uhde had 70 plants with 
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FIGURE 5.36. Schematic comparison of key features of the five cell technologies. A: Cell inlet and outlet 
location; B: Internal circulation pattern; C: Gasket design; D: Membrane disposition. 


a total annual capacity of approximately 4,800,000 tons of NaOH (100% basis) com¬ 
missioned or under construction. About one third of this capacity came from conversion 
projects from mercury or diaphragm plants to membrane technology [108]. 


5,53.6. Summary. An attempt is made to summarize the distinguishing characteristics 
of the five leading electrolyzer technologies in Table 5.4 and Fig. 5.36, based on the 
information provided by the technology suppliers and in Refs [109] and [110]. 
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Process Overview 


6.1. GENERAL INTRODUCTION 

This chapter presents a general overview of the processing steps in a typical chlor-alkali 
plant. As shown in Fig. 6.1, we can divide the process into three major steps. These are 
the preparation of purified brine, electrolysis, and processing of the crude products of 
electrolysis. The figure also subdivides brine preparation into its main elements. Later 
sections present flowsheets in block form for each of the process steps. A discussion of 
the differences among the various types of electrolyzer technology accompanies each 
flow diagram. Separate flowsheets for the complete processes for the three electrolyzer 
technologies are also available in the literature [1,2]. 


6.2. BRINE PREPARATION AND TREATMENT 

The brine process includes the supply of salt, its dissolution, and purification of the 
resulting brine to the standards required by the cell technology. The brine-making func¬ 
tion may be on or off site. In other words, the chlor-alkali producer may receive the 
basic raw material as solid salt or as a solution. When using solid salt, the mercury- 
or membrane-cell operator can resaturate circulating depleted brine for recycle to the 
cells. When salt is supplied in the form of brine, this is no longer possible. Unless weak 
caustic is produced or the process is changed by addition of evaporative capacity, water 
will accumulate in the system. The problem is that with NaCl, for example, each weight 
of salt entering the plant is accompanied by about 2.75 weights of water. Only about 
one weight is consumed by the reaction or exported with the 50% NaOH product. Evap¬ 
oration within the membrane-cell process accounts for another 1.25 weights of water. 
This includes water vapor accompanying the hydrogen and chlorine evolved by the cells 
as well as that removed in the caustic evaporators. Even after this water is used out¬ 
side the process or properly treated for disposal, 0.5 weights or about 20% of the total 
accumulates, an inoperable situation. 

By contrast, in the diaphragm-cell process, more than enough water will be removed 
in the evaporators. Therefore, one of the advantages of this process is its ability to accept 
a brine feed, which is usually cheaper than solid salt. 
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Caustic 


FIGURE 6.1. Major components of electrolytic chlor-alkali process. 


The brine-treatment block of Fig. 6 .1 is expanded in Fig. 6.2 to show its component 
steps. The first step is the removal of hardness and heavy metals by precipitation with 
OH“ and CO 3 ”. The precipitates form a sludge, removed by settling in a clarifier. 
Addition of a polymeric flocculation aid sometimes helps the separation in the clarifier. 
The sludge is a waste product, frequently concentrated by filtration before disposal 
as landfill. The clarifier overflow will have some residual suspended solids which are 
removed by filtration. The two types of filter commonly found in the chlor-alkali industry 
are the solid-bed filter and the leaf or candle filter. The first relies on the low porosity 
of a bed of fine particles to remove solids from the brine. Sand is the fill commonly 
used in the industry, but it is not suitable with all cells because of the possibility of 
dissolving too much silica. Anthracite, similar to sand in its particle size and pressure- 
drop characteristics, is a typical substitute. Pressure-leaf filters, which rely on woven 
filter elements, have long been used as alternatives or adjuncts to ‘‘sand” filters. They 
use a filter aid to provide a tighter filtering surface. Classically, the filter aid has been 
diatomaceous earth. Again, membrane cells require a substitute not based on silica. 
Cellulosic filter aids are the usual choice. Vertical candle filters or rotating-disc filters 
sometimes appear as substitutes for leaf filters. The candle filters in particular have found 
a growing use in newer (i.e,, membrane) plants. 
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FIGURE 6.2. Brine treatment flow diagram. 


There are other impurities that may have to be removed from the brine. Sulfate is 
a frequent example. The techniques used are varied and are applied at different areas of 
the flowsheet. Therefore, they are not shown as part of the normal sequence in this basic 
flow diagram. 

The process as discussed so far produces brine suitable for use in diaphragm or 
mercury cells. Residual hardness levels may be in the range 2-10 ppm. This is not 
acceptable in membrane cells. Hardness is reduced to less than 20 ppb by ion exchange, 
using resins developed specifically for this purpose. These require periodic regeneration 
with caustic and HCl. Regeneration produces a waste for recycle or disposal. It should 
be noted when considering brine specifications that some are given on a weight-volume 
basis, as milligrams per liter or ppm (w/v). Others are on a weight basis, as milligrams 
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per kilogram or ppm (w/w). The two bases differ by a density factor of about 1.2, but 
common usage sometimes is careless of the difference. 

The final step in brine preparation is acidification. This is truly not a purification 
step and is not an essential part of the chlor-alkali process, but it offers several improve- 
ments in cell performance. These are discussed in Section 7.5.6. The acid used is HCl, 
often produced by reacting together some of the chlorine and hydrogen produced in the 
plant. 


6.3. ELECTROLYSIS 

Purified brine and DC power are the inputs to the electrolysis section (Fig. 6.1). The next 
three diagrams cover the three different cell processes. Diaphragm cells, with only one 
liquid-phase output, have the simplest diagram and are shown in Fig, 6.3, Electrolysis 
of the brine produces chlorine gas and an anolyte in which roughly half the NaCl has 
reacted. The anolyte flows in bulk through the diaphragm into the cathode chamber 
(dashed line). Electrolysis is completed here by converting water into hydrogen and 
hydroxyl ions. The catholyte, or cell liquor, resulting from this leaves the cell. It contains 
all the unconverted NaCl as well as the NaOH produced in the cells. Its processing by 
evaporation is discussed below in Section 6.4.3. Chlorine and hydrogen gases go off to 
their separate processing lines, discussed in Sections 6.4,1 and 6.4.2. 

The anode reaction in a diaphragm cell is 

2Cr ^Cl 2 + 2e (1) 

The circuit is completed when two electrons are consumed at the cathode in the 
electrolysis of water: 

2 H 2 O -h 2e ^ H 2 + 20H” (2) 

Figure 6.4 shows the operation of the mercury, or amalgam, cells. The anodic 
process is the same as that in the diaphragm cells. Again, chlorine gas generated by 
electrolysis goes on to product recovery. Unlike the situation in the diaphragm cell, 


Feed Brine 


Chlorine Hydrogen 


t_t 


Anolyte 

Catholyte 




Cell Liquor to Evaporation 

-1 

(Figure 6.8) 


FIGURE 6.3. Electrolysis area flow diagram—^Diaphragm cells. 
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Hydrogen 



FIGURE 6.4. Electrolysis area flow diagram—Mercury cells. 


however, the cathode in a mercury cell is not enclosed in a separate chamber. The brine 
traveling through the cell is exposed to a flowing mercury cathode. The cathode reaction 
is completely different: 


M+ + (Hg)+e^M(Hg) 


(3) 


where M = alkali metal, Na or K 

M(Hg)=dilute alkali metal amalgam 


The anolyte leaves the cell as depleted brine. This must be recycled to the cells to 
prevent a massive loss of salt, and it must be resaturated with salt to keep the current 
efficiency of the cells high. Technically, it is possible to operate with once-through brine. 
While losing salt, this option eliminates handling and treatment of the recycle stream. 
This practice was fairly common in the past but is almost unknown in today’s mercury¬ 
cell plants. The overriding issue is not the loss of salt but rather the escape of mercury 
from the system. 

Recycled anolyte must first be dechlorinated for recycle to the brine plant. Most 
commonly, this involves acidification with HCl and removal of the evolved chlorine 
under vacuum. The chlorine goes to the cell gas header for processing. 

The amalgam leaves the cells, which are sloped to permit gravity flow. Each mercury 
cell has a companion “denuder” or “decomposer.” This is a short-circuited cell, usually 
packed with graphite, in which amalgam decomposition in the presence of added water 
regenerates the mercury and forms caustic soda or potash: 

M(Hg) + H 2 O ^ (Hg) + MOH + i H 2 (4) 

The mercury returns to the cell, and the caustic liquor is ready for processing. By 
controlling the amount of water fed to the decomposer, the operator can control the 
strength of a mercury-cell product and can produce commercial concentrations directly. 
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These are usually 48-50% NaOH and 45-50% KOH. This is a unique advantage of the 
mercury cell. Another advantage of mercury cells is the purity of the caustic product. 
High purity requires a high grade of water, and demineralized water is the standard 
material here. 

Energy consumption is usually somewhat lower in KOH cells. When reported on 
an alkali weight basis, it is lower because of the higher equivalent weight of KOH. With 
generally lower voltages, it is also true on a molar basis. This is in spite of lower current 
efficiency. A typical voltage difference of about 0.2 outweighs a current efficiency penalty 
of about 2%. The lower current efficiency carries other penalties with it. The increase 
in hydrogen content of the chlorine makes gas processing less efficient and can be more 
hazardous. 

When both NaOH and KOH are made in the same plant, the ease of conversion 
of some number of cells from one service to the other may be an issue. This is another 
advantage of the mercury cell. Switching between the two products is not especially 
difficult. Loss of mercury and cross-contamination are the significant problems that 
need to be overcome. 

The hydrogen gas is usually cooled at each cell as it leaves the decomposer. This 
condenses most of the water and, more importantly, most of the mercury from the gas. 
The hydrogen then goes into a common header for final processing. 

Finally, we consider the membrane cells in Fig. 6.5. The electrode processes are 
the same as those in the diaphragm cells (Eqs. 1 and 2). Anolyte processing is quite 
similar to that practiced with mercury cells. We saw above in the discussion on brine 
treatment that membrane cells had stricter requirements. The same is true regarding 
dechlorination of the depleted brine. After vacuum dechlorination, the residual active 
chlorine content is high enough to damage the ion-exchange resin in the brine purification 


Chlorine Hydrogen 



(Figure 6.1) 


FIGURE 6.5. Electrolysis area flow diagram—^Membrane cells. 
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plant. A “secondary” dechlorination is necessary, in which addition of a reducing agent 
or contact with a catalyst converts the oxidized chlorine to the innocuous chloride ion. 

The equipment in the brine recycle loop is much smaller in a membrane-cell plant. 
This is because the depleted brine concentration is lower (about 200-220 gpl NaCl vs 
about 270 gpl NaCl in a mercury-cell plant) and therefore the per-pass conversion of 
chloride is higher. With both technologies, there may also be some direct recycle of 
depleted brine around the cells. With mercury cells, this provides a smaller temperature 
gradient along the cells. It is most useful at high loads. Recycle is much more common 
with membrane cells. They characteristically have more backmixing, and variations 
in conditions within the cells are less extreme. In the most modem designs, however, 
depleted brine recycle still may be used to reduce the temperature and concentration 
gradients and to allow deeper acidification of the feed brine. This technique reduces 
the oxygen content of the chlorine gas and makes it more acceptable for direct use in 
processes such as the chlorination of ethylene. 

The caustic liquor produced in a membrane cell is weaker than that from a mercury 
cell. Typical concentrations are 30-35% NaOH and 28-32% KOH, The net production 
of caustic solution goes to evaporation and final processing. The caustic solution also 
recycles around the catholyte side of the cells. This allows control of both temperature 
and concentration. A cooler removes the waste heat generated in the cells, and water 
addition keeps the catholyte concentration at the desired level. 

Membrane cells, like mercury cells, can switch back and forth between NaOH 
and KOH production. This operation is much more complex in the membrane-cell case 
when different types of membrane are recommended for the two different services. We 
have seen (Chapter 5) that removal and replacement of cells is more or less complicated 
and time-consuming. Providing separate brine and caustic piping headers to a number 
of cell berths is also more difficult, because of the much more compact layout of a 
membrane-cell room. 


6.4. PRODUCT RECOVERY 
6.4.1. Chlorine 

Full processing of chlorine gas (Fig. 6.6) takes a hot, wet vapor at approximately 
atmospheric pressure and converts it to a cold, dry liquid under significant positive 
pressure. The common processing steps therefore are cooling, drying, compression, and 
liquefaction. The severity of the two latter processes depends on the desired degree of 
recovery of chlorine as the liquid and on the composition of the gas produced in the cells. 
The major impurities in this gas will be: 

1. oxygen, the major product of electrochemical inefficiencies; 

2. water, at its vapor pressure over the anolyte; 

3. carbon dioxide, from decomposition of carbonates in the feed brine; 

4. air, introduced with the brine or by leakage into sections under vacuum; 

5. hydrogen, from the cathode chambers or by production at cathodic areas on the 
anodes; 

6. bromine and other products of electrolysis of brine impurities; 
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Tail Gas 


FIGURE 6.6. Chlorine processing flow diagram. 


7. chlorinated organics, from the reaction of chlorine with other components of the 
brine or with cell construction materials (e.g., diaphragm-cell putty); 

8. salt, by entrainment of liquor from the anolyte compartments; and 

9. mercury vapor, from the cathodes of mercury cells. 

The cooling step removes most of the water vapor. The condensate, saturated with 
chlorine, requires treatment. Figures 6.4 and 6.5 showed that membrane- and mercury¬ 
cell plants require facilities for removal of dissolved chlorine from depleted brine. With 
proper design, those facilities can also accept the condensate from the chlorine cooling 
plant. A common practice in diaphragm-cell plants is to strip the condensate, after 
acidification, with steam. The chlorine, again, can return to the main gas header, and the 
stripped condensate becomes a process waste. 

The success of the cooling process in removing water from the gas depends on the 
available cooling water temperature. To improve results, many plants include a second 
stage using chilled water to reduce the temperature of the gas below that of the cooling 
water supply. Cooling may take place in a surface exchanger or by direct contact in 
a column. In the latter case, use of process fluids allows some heat economization. 
Exchange between chlorine and purified brine in a diaphragm-cell plant is also a way of 
keeping most of the chlorinated condensate within the process. 

Regardless of the type of cell, chlorine after cooling is still too wet for processing 
in ferrous-metal equipment. The next step in its processing therefore is drying with 
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sulfuric acid. There are several different approaches to the process, but the essentials are 
simply staged contact of the gas with acid of increasing strength, up to 96-98%. The 
strong desiccant action of the acid reduces the moisture content of the gas to a few tens 
of ppm. The dilute acid produced is essentially a waste product. After dechlorination, 
usually by stripping with air, it is used in plant neutralization systems or returned to 
the supplier for upgrading. On-site reconcentration is difficult and expensive and so is 
seldom practiced in the industry. 

The dry gas is usually compressed before use. The level of compression depends on 
the application. A large fraction of the world’s output of chlorine is consumed on site. The 
production of ethylene dichloride (EDC) is the single largest-volume use. The dry gas 
supply pressure then is determined by the needs of the EDC process. Merchant chlorine 
will be liquefied. The choice of compressor output pressure is then an economic/technical 
balance with the requirements of the liquefaction process. Because some of the impurities 
in the chlorine gas are noncondensables, a chlorine-containing tail gas always results. 
Some of this chlorine value can be recovered directly or in the form of various byproducts. 
A system is also required for safe disposal of any unrecovered chlorine as well as any 
released from the process during emergencies. 


6.4.2, Hydrogen 

Electrolytic hydrogen is quite pure and is acceptable for most applications. The only 
major distinguishing features of the three processes are the presence or absence of 
mercury and the wide variation in water content of the gas. 

Normal processing, shown in Fig. 6.7, involves cooling, which may also serve to 
remove entrained caustic, and compression. Hydrogen frequently is cooled by direct 
contact with brine. This is a simple matter of heat economization. Entrained caustic is 
removed by this operation but may be replaced by salt or brine mist. Process design must 
take into account the water condensed into the brine. The condensate from mercury-cell 
hydrogen will also contain mercury, both as a separate phase and in a dissolved form. 
After decantation from the metallic mercury, the liquid phase requires treatment before 
it can be discharged. 

The extent of compression depends on the application. Much of the hydrogen is 
used as fuel or as raw material for the production of HCl. Only modest pressures are 
required, within the capability of simple rotary blowers. In the membrane-cell process, 
it is sometimes possible to operate the cells under positive pressure and eliminate the 
need for a blower. Other applications require higher pressure and the installation of 
compressors. The synthesis of ammonia is an example. Operating pressures range up 
to 30,000 kPa. Recent developments have lowered this to about 3,000 kPa in some 
plants. Less frequently, hydrogen is compressed to high pressure and packaged in cylin¬ 
ders. For high-grade chemical applications, oxygen and traces of chlorine may also be 
removed. 


6.4,3. Caustic 

A major differentiator among the various chlor-alkali cells is the quality of their product 
caustic solutions. Diaphragm cells produce a liquor containing about 11% NaOH and 
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Delivery 

FIGURE 6.7. Hydrogen processing flow diagram. 


15% NaCL In addition, all the feed brine impurities and any chlorate produced in the 
anode compartments are carried through by bulk flow of the anolyte into the cell liquor. 
Unless special steps are taken to remove them, they appear in the final product. 

The strength of the caustic produced in membrane cells depends on the type of 
membrane chosen. Since membranes ideally pass only water and alkali metal ions, 
chloride, chlorate, and sulfate in the caustic are measured in parts per million. The 
highest-grade caustic solutions (barring mercury contamination) are produced in amal¬ 
gam cells. Through control of the rate of addition of water to the amalgam decomposer, 
these cells can also produce caustic directly at commercial concentrations (50% for 
NaOH and 45-50% for KOH). These differences result in the separate flow lines of 
Fig. 6.8. 

It is usually necessary to concentrate diaphragm- and membrane-cell caustic by 
evaporation. Simple concentrating evaporators suffice in membrane-cell service, but 
diaphragm-cell evaporators reject most of the dissolved salt in the process of concen¬ 
tration. This salt must be removed from the resultant slurry, and it is used to prepare 
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FIGURE 6.8. Caustic processing flow diagram. 


and resaturate brine (Fig. 6,1). The sulfate carried through the diaphragms can also be 
removed in the evaporation plant. Most plants have substantial intermediate storage for 
cell liquor. This uncouples the electrolysis and evaporation processes. 

In all cases, caustic at essentially its final concentration is cooled before storage 
and shipping. In the diaphragm-cell process, this cooling causes another small quantity 
of salt to drop from solution. This is removed by filtration, and the resulting 50% 
NaOH solution still contains 1.0-1.1% NaCl. Processes for removal of this salt are 
available but are not commonly applied. Section 9.3.4 discusses the most frequently 
used process. A number of plants operate diaphragm cells in conjunction with one of 
the other types. When the higher-purity product commands a premium price, most 
of these plants have separate storage and handling systems for the two grades of 
NaOH. 

Sometimes, caustic solutions are processed to higher concentrations. NaOH is often 
shipped at 73%. Both NaOH and KOH are also sold as nearly anhydrous material in 
several different physical forms. Section 9.3.5 treats this subject. 


6.5. MASS BALANCES 

To provide a feel for the quantities involved in a chlor-alkali plant and to allow us to 
illustrate the size of some of the key equipment, we adopt here a reference plant based on 
the use of membrane cells and calculate an approximate electrolysis area mass balance. 
The characteristics of this plant serve as reference material for the specific examples 
used in later chapters. We defer energy considerations to those later chapters, but we list 
here all the relevant parameters. 
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Nominal capacity of plant 

800 tpd NaOH 

Chlorine usage 

Merchant 

Current efficiency of cells 

94% 

Average cell voltage 

3.2 

Water transport coefficient 

4.0 moles F~' 

Concentration of cell product caustic 

32% NaOH 

Concentration of cell feed caustic 

30.3% NaOH 

Feed brine concentration 

300 gpl NaCl 

Depleted brine concentration 

220 gpl 

Cell operating temperature 

88°C 

Cathode-side pressure 

105 kPa 

Differential pressure across membranes 

4kPa 

Type of electrolyzer 

Bipolar 

Cross-sectional area 

2.5 m2 

Current density 

5.5kAm-2 

Sulfuric acid supply concentration 

96% 

Spent sulfuric acid concentration 

78% 

Hydrochloric acid concentration 

31.5% 

(plant is to be self-sufficient) 


Source of carbonate 

Soda ash slurry 

Reducing agent 

Solid Na 2 S 03 

Nonhazardous solid disposal 

Landfill (50% min. solids) 

Salt supply 

Washed solar salt 

Method of delivery 

100-ton rail cars 

Salt analysis (dry basis) 


NaCl 

99.63% 

CaS04 

0.17% 

CaCl 2 

0.04% 

MgCl2 

0.03% 

Insolubles 

0.13% 

Water content 

4.5% max 

Bulk density 

1,080 kg m-3 

Plant location 

Coastal 

Altitude 

Near sea level 

Ambient temperatures 


Maximum 

40°C 

Minimum 

-5°C 

Ambient pressure, minimum 

95kPa 

Cooling water temp. 


Design max. 

30°C 

Minimum 

5°C 

Steam supply pressure 

1,150 kPa 

Steam temperature 

10°C superheat 


This book is not a design manual. We provide examples to illustrate the points 
under discussion and not to serve collectively as a coordinated design. Safety factors and 
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Water Flux 
through — 
Membranes 


1488 


21 Hydrogen 
84 Water 


Cells 


Flows are In tons per day 


4099 


9430 

4099 

Dilution 

^ 8711 

Water 719 



4899 NaOH 
10411 Water 


800 NaOH 
1700 Water 


Caustic 800 NaOH 

Product 800 Water 


900 Water 


Evaporators 


FIGURE 6.9. Cathode-side mass balance. 


design contingencies are necessary to the latter objective. They differ from plant to plant, 
and their consistent inclusion here would add little to the reader’s understanding of the 
technology. For the same reason, detailed calculations do not accompany all examples. 

Figure 6.9 shows the cathode-side balance. There are several interesting features: 

1. The water flux through the membranes is much greater than the amount of water 
that must be evaporated. In volumetric terms, it is greater than the output of 50% 
caustic soda. In KOH electrolysis, the water flux is much smaller. 

2. The amount of water evaporated is greater than the amount of dilution water 
required. It is therefore possible to use evaporator condensate in the caustic 
recycle system and not introduce new water. This has the benefit of freedom 
from any contaminants that might enter with the water supply but adds the 
possibility of contamination by metallic impurities picked up in the evaporator 
system. 

3. The ratio of caustic flow from the cells to net production is about 5.5:1. This 
is a result of the assumptions of 30.3% NaOH in and 32% out. Some oper¬ 
ators or suppliers may specify other concentrations, and the recycle flow of 
caustic soda is quite sensitive to this variable. With 30% NaOH entering the 
cells, for example, the ratio is 4.77; with 30.5% NaOH, it becomes 6.11, or 
28% greater. Some producers or licensors may specify the recycle ratio dir¬ 
ectly. Higher recycle flows add to the pumping and capital costs but reduce the 
temperature and concentration gradients in the catholyte. 

Note that the current efficiency used for the calculations is 94%. At startup, it 
usually will be 96% or more. With time and the gradual deterioration of the mem¬ 
branes, the current efficiency will decline. Membranes are often removed when the 
current efficiency reaches an arbitrary value of about 93%. Cell room auxiliary equipment 
often is designed for this condition. However, all cells usually do not reach low current 
efficiency simultaneously. Cell renewal should begin before all membranes have reached 
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Acid 



[4] 


Flow Rate, kg hr"* 



1 

2 

3 

4 

5 

6 

NaCI 

NaOH 

Na 2 C 03 

111612 

62884 




62884 

Na 2 S 04 

2400 

2400 




2400 

NaClOa 

3720 

3761 




3761 

HCl 

27.2 




525 

107 

CO 2 







O 2 



309.3 




CI 2 


106.2 

29057 



920 

HOCl 


602 





H 2 O 

335684 

265952 

8117 

61997 

1155 

267314 

Total 

453443 

335705 

37483 

61997 

1680 

337386 


FIGURE 6.10. Anode-side mass balance. 


the change-out point. We adopt 94% here as a reasonable design case, recognizing that 
the time-weighted average is higher. 

Figure 6.10 shows the anolyte balance. The sulfate flow into and out of the electro¬ 
lyzers is an arbitrary but reasonable number chosen to suit a typical membrane supplier’s 
specification. The balance ignores any flow of sulfate out of the anolyte. Sulfate in some 
form is known to penetrate the membrane (therefore the need to limit its concentration). 
The rate of penetration is so small, however, that the assumption of zero flux is the basis 
for one method of estimating current efficiency [3]. The chlorate flows are in the same 
category as the sulfate flows. There is a small difference between the flows out and in, 
representing the rate of chlorate production in the cells. This amount would be removed 
by purging or by deliberate destruction in the brine process. 

Analysis of the chlorine flows shows that the anode current efficiency is different 
from the cathode current efficiency. The “current efficiency” commonly used in dis¬ 
cussing membrane cells is the caustic current efficiency, determined by the amount of 
hydroxide ion lost by leakage through the membranes into the anolyte. The hydrogen 
current efficiency, on the other hand, is nearly 100%. In other words, the electrode pro¬ 
cess is nearly quantitative, but the membranes allow some of the product of electrolysis 
to escape. 

On the anode side, the electrode process itself is less than quantitative because of 
the formation of oxygen, and there is also some internal loss of the chlorine generated 
at the anodes. Some of the chlorine remains in solution rather than leaving the cell as a 
gas, and some hydrolyzes by the equilibrium reaction 


Cl2 + H2O ^ H+ + cr + HOCl 


( 5 ) 
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The acid formed here explains the low pH of the anolyte in all types of cell. Acidification 
of mercury- or membrane-cell anolyte after it leaves the cells reverses the hydrolysis and 
allows recovery of some of this chlorine value. 

Hypochlorous acid can continue to react, disproportionating to chlorate and 
chloride. This is usually written in two steps 

HOCl^H++OCr (6) 

2HOC1 + ocr ^ CIO3 + 2 H+ + 2Cr ( 7 ) 

Chlorate can also form electrochemically by the anodic oxidation of HOCl: 

HOCl -h 2H2O ^ CIO3 + 5 H+ + 4 e (8) 

Finally, the anode can produce the direct electrochemical oxidation of water 

2H2O ^02+ 4 H“^ + 4 e ( 9 ) 

This is not a chemical yield loss, since no chloride is involved, but is an irreversible 
faradaic loss. By consuming chlorine produced at the anode, the other reactions also 
waste some of the current. If we add Eq. (5) for the formation of HOCl to the fundamental 
anode reaction of Eq. (1), we have 

cr + H 2 O ^ HOCl + H+ + 2e (10) 

Similarly, the formation of chlorate can be rolled back to chloride ions by combining 
Eq. (10)—three times—with Eqs. ( 6 ) and (7): 

cr + 3 H 20 ^C 10 J+ 6 H++ 6 e (11) 

Combining Eq. (10) with the electrolytic formation of chlorate by Eq. ( 8 ) also results in 
Eq. (11). Each mole of chlorate therefore represents the loss of 6 F. 

Therefore, the recognized products of the major anode inefficiencies are oxy¬ 
gen, HOCl, and NaClOs (or KCIO 3 ), and their stoichiometry and electron transfer 
requirements are shown in Eqs. (9) through (11). 

Each of these reactions produces hydrogen ions. If the anolyte were totally isolated 
from the catholyte, the inefficiencies would be self-limiting. The H"*" produced by the 
electrolytic reaction (9) would reduce the amount of other impurities by reversing 
the hydrolysis reaction (5). In the real case, the catholyte continues to contribute 
hydroxide ions by leakage through the membrane. This OH“ flux ties up the H“*" ions 
and permits the reactions to continue. In our example, the catholyte contributes about 
2.8 moles of OH“ to each liter of anolyte leaving the cell. Since the OH” supply is orders 
of magnitude greater than the standing population of hydrogen ions in the anolyte, the 
extent of the reactions is nearly totally determined by the amount of hydroxide back- 
migration. In other words, the anode current efficiency is closely related to the cathode 
current efficiency. 
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Equations ( 6 ) through (9) show the paths the anode current losses are assumed to 
take. Including the hydroxide ions that remove the hydrogen ions produced by these 
reactions as they form, the stoichiometry becomes 

40H" ^02 + 2 H 2 O + 4e 
Cr + OH" -> HOCl + 2e 
Cr + 60H" ^ CIO 3 + 3 H 2 O + 6 e 

These equations are part of the basis for our material balance. 

Equation (13) has another important consequence. It consumes one hydroxyl ion 
and therefore wastes only one cathodic electron transfer. On the other hand, it accounts 
for the generation of two electrons at the anode. In this reaction scheme, derived for 
a membrane cell, the anode and cathode current efficiencies therefore are not equal. 
The anode efficiency fundamentally should be the lower of the two. In our example, it 
is about 1% lower than the cathode efficiency. The chlorine in the cell gas represents 
an efficiency slightly less than 93%; adding the dissolved chlorine to this brings the 
efficiency slightly above 93%. The remaining difference is the chlorine content of the 
HOCl. The distribution of byproducts, furthermore, is not a unique function of the 
amount of hydroxide leakage. The hydroxide flux depends on the type of membrane used, 
but the various reactions summarized above are competitive, and the relative amounts of 
chlorate and oxygen formed depend on the anode. Anodes can be designed with higher 
than normal oxygen overvoltages, for example. This inhibits reaction (9) or its equivalent 
given in Eq. (12). This result is the formation of less oxygen and more chlorate, with the 
same total electrical inefficiency. 

In practice, the anode current efficiency of a membrane cell can be manipulated 
and may be either higher or lower than the cathode current efficiency. Leaving aside 
the question of recovery of some of the chlorine value after the anolyte leaves the cell, 
the manipulation usually takes the form of acid addition along with the feed brine. This 
combines with some of the hydroxide ion and reduces its ability to degrade the anode 
process. Discussion of the techniques, limitations, and practicality of acid addition is 
not part of this chapter. 


( 12 ) 

(13) 

(14) 


6 . 6 . PROCESS DESIGN 

6.6. L Cell Room Operating Variables 

No chemical plant can be designed to operate only at its standard process flow diagram 
conditions. Chlor-alkali plants in particular are subject to a number of perturbations that 
affect the requirements of the process. 

The operating voltage and current efficiency of a cell fix its unit DC power require¬ 
ment. This varies with time, usually in the direction of increasing power consumption, 
and so cells and their auxiliaries must be designed with this fact in mind. In a diaphragm or 
membrane cell, performance declines over the lifetime of the anolyte/catholyte separator, 
usually as a result of the accumulation of impurities. The performance of a mercury cell 



PROCESS OVERVIEW 


459 


is also affected by the presence of certain impurities in the brine and by the accumulation 
of mercury butter (Section 7.4.2,1). 

When current efficiency declines, higher amperage is necessary to maintain produc¬ 
tion. The resistive losses within the electrolyzers increase, and this in turn increases the 
operating voltage and the duties of the process coolers. Brine, caustic, and chlorine flows 
are not greatly affected, but the hydrogen flow increases nearly in inverse proportion to 
the current efficiency. The most serious effect of lower current efficiency is the increased 
production of impurities. Oxygen usually is the most troublesome. It can interfere with 
downstream use of chlorine or make liquefaction less efficient (Section 9.1.7.2). As 
explained in Section 6.5, the operator has some control over oxygen production through 
acidification of the brine. 

Higher voltage (and therefore higher power consumption) in itself has no effect 
on the cell mass balance if control of other operating variables is maintained. It does 
influence the heat load, and the cell room heat exchange system must have the capacity 
to operate at a chosen maximum voltage. Likewise, the electrical supply system must be 
designed to operate at currents and voltages higher than their start-up values. 

Cell temperature and operating pressure can have large effects on the mass and 
heat balances. This is especially so on the anolyte side. Dissolved alkali chlorides do 
not greatly depress the vapor pressure of water. Since the cells operate at temperatures 
fairly close to the atmospheric boiling point, small changes in the cell temperature or 
the ambient pressure can produce large changes in the water content of the chlorine gas 
leaving the cells. These, in turn, change the duty of the chlorine coolers. 

The water content of the hydrogen gas is lower because of the presence of caustic 
in the catholyte or decomposer. Differences among the various types of cells are greater 
than in the case of chlorine because of the large differences in caustic concentration. 

Changes in the design concentrations of the solutions entering and leaving the cells 
affect the required electrolyte flow rates. In a mercury cell, this statement applies only 
to brine flows. Water is in almost all cases the feed stream to the decomposer, and the 
product caustic concentration usually is fixed and closely controlled. In a diaphragm 
cell, the situation is a bit more complex if one thinks of controlling both anolyte and 
catholyte concentrations, because of the interrelationship caused by flow of the anolyte 
through the diaphragm. In a membrane cell, there is a similar effect due to water flux 
through the membranes, but this varies little from day to day. Practically, the electrolyte 
concentrations in these cells can be considered independent of each other. 


6.6.2. Process Control 

Under the working assumption that the catholyte is perfectly uniform, changes in the 
feed concentration perse have no effect on the process. The dilution value of the recycle 
stream in Fig. 6.9 is then proportional to the difference between its concentration and 
that of the catholyte. On a weight basis, the required flow rate is inversely proportional 
to the same quantity. 

When the catholyte concentration is changed at a constant feed concentration, the 
situation is different. The mass and energy balance in the catholyte chamber will change. 
As the catholyte concentration goes down, more dilution is required in order to reach the 
lower concentration. At the same time, the amount of water evaporated into the hydrogen 
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Stream increases because of the higher vapor pressure. This must be replaced by adding 
more recycle. The calculated recycle flow therefore is more sensitive in this mode. 

Example, Figure 6.9 shows a flow of about 489 tph, or 377 m^ hr”^, of 30.3% NaOH 
to the cells in order to produce 800 tpd of NaOH in 32% solution. Changes in the 
feed concentration, as stated in the text, require inverse changes in the inlet flow rate. 
Increasing the feed concentration to 30.5%, for example, requires a flow of 489 x (32 — 
30.3)/(32 — 30.5) = 555 tph. Variations in the outlet concentration require greater 
changes. The tabulation below shows the flows required for other outlet concentrations, 
along with approximations made by assuming that the flow rate is inversely proportional 
to the difference between caustic feed and product concentrations. The inlet concentration 
in all cases is 30.3% NaOH. 


% NaOH in 
product 

Dilute NaOH 
rate, tph 

Estimated 
rate, tph 

31.0 

1309 

1188 

31.4 

802 

756 

31.7 

612 

594 

32.0 

489 

— 

32.5 

359 

378 

33.0 

277 

309 

33.5 

220 

260 


The actual changes here are about 18% greater than those estimated. 

The example assumed a constant water transport coefficient (WTC). This is not a real¬ 
istic assumption, because the coefficient depends, among other things, on the NaOH 
concentration. The extent of this dependence is a function of other variables and on the 
type of membrane used. A single relationship between WTC and operating variables 
cannot be assumed. 

The effect of a change in the water transport coefficient can, however, be evaluated 
separately. The required recycle flow varies linearly and inversely with the water transport 
coefficient. The relationship is a strong one: 


dQ/dW = -(M^/Mc)PCo/HCo - Ci) (15) 


where 

Q = inlet flow rate, weight/time 
W = water transport coefficient 
Mw = molecular weight of water 
Me = molecular weight of caustic 
P = production rate of caustic, same units as Q 
Co = concentration of caustic leaving cells 
Ci = concentration of caustic entering cells 
^ = cathode current efficiency 



PROCESS OVERVIEW 


461 


In our reference plant model, Eq. (15) shows that a reduction of one unit in WTC 
requires an increase of about 300 tph in recycle flow. This information is of value 
primarily to the designer. The operator seldom is directly aware of the value of the water 
transport coefficient in the plant, and the rate of caustic recycle to an electrolyzer is 
not often manipulated in response to small changes in performance. Instead, the inlet 
concentration of caustic is allowed to float. The most important consideration is rapid 
dispersal of the solution entering a cell to achieve homogeneity. A high circulation rate, 
within design limits in order to avoid excessive turbulence at the membrane surface, 
both increases the rate of mixing and reduces concentration gradients by keeping the 
inlet concentration close to the average concentration in the cell. 

Section 6.5 mentioned that the transport coefficients are much lower in KOH ser¬ 
vice than in NaOH production. KOH production therefore requires higher recirculation 
pumping rates. In NaOH service, the water transport coefficient is higher, but it depends 
on a number of variables, not least the type of membrane. Membrane suppliers are 
the best source of information on water transport coefficients. In the extreme case of a 
reduction from 4.0 to 2.0, the required brine feed rate increases by about 25% and that 
of 30.3% caustic more than doubles. 

From a physical standpoint, the role of the WTC in the anolyte and catholyte 
water balances explains its effects in process control. Electrolysis tends to increase the 
strength of the catholyte, which then requires dilution in order to maintain the proper 
concentration. The water added to the circulating caustic and the water flux through the 
membranes provide this dilution. When one source diminishes, the other must increase. 
Therefore, a reduction in the WTC requires an increase in the flow of dilution water. 

With more dilution water entering the caustic, either the strength of the recirculating 
stream will be lower or the rate of recirculation of cell product must increase to hold 
that concentration and reduce the concentration change across the cells. The increased 
flow rate enhances mixing of the recycle stream in the cells, and there is probably some 
economic optimum of the circulating rate and solution concentration. Intuitively, that 
optimum seems to be on the side of holding the concentration steady. This is the method 
usually adopted in practice. 

An opposite effect holds on the brine side. Electrolysis continuously depletes the 
anolyte. The brine feed, which is more concentrated, serves to keep the concentration 
at the chosen level. Transportation of water through the membranes also helps to keep 
the concentration higher. As the water transport coefficient becomes smaller, less water 
leaves the anolyte through the membranes, reducing this contribution to a higher con¬ 
centration. More strong brine is then necessary to offset this effect. A reduction in WTC 
therefore requires higher inlet flows on both sides of the cell. 

Valves in the gas headers control the pressures on the cells. In the usual case where 
pressures are close to atmospheric, pressure drops everywhere must be kept very low. 
Each header is sized generously in order to keep the gas pressure essentially equal on 
every cell in the line. The two gas pressures can be controlled independently. However, 
the differential pressure between the cathode and anode chambers may be more important 
than the individual header pressures. In a membrane cell, for example, fluctuations in 
differential pressure cause vibration of the membranes. This can lead to physical damage, 
sometimes allowing passage of cell fluids, and to early failure. A frequent practice is 
to control the differential pressure directly, forcing any pressure fluctuations on the two 
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systems to be in phase. The discussion in Sections 11.3.2 and 11.4.2 describe more fully 
the other approach in which the two header pressures are controlled directly. 

The hydrogen pressure is greater than the chlorine pressure. One advantage is that 
this makes it easier to hold a positive pressure throughout the low-pressure hydrogen sys¬ 
tem. This prevents infiltration by air. In membrane cells, this arrangement also keeps the 
membranes pressed against the anodes, which is the preferred arrangement. In diaphragm 
cells, even though the hydrogen pressure has the higher control point, the pressure on the 
diaphragms actually is higher on the chlorine side. This is due to the hydraulic gradient 
used to push anolyte through the diaphragms, and again the pressure differential helps 
to hold the separator in place. 

Control of cell temperatures refers to the temperatures of the anolyte and catholyte. 
In diaphragm cells, separate control is not possible. In mercury cells, the decomposer 
and cell temperatures usually are different. In membrane cells, it is possible to maintain 
different temperatures. Heat transfer through the membrane, or rather unsymmetrical 
flow of the heat generated in the membrane, tends to limit any difference. This is of 
no great practical importance, for there is little reason to strive for widely different 
temperatures. The target temperatures, as often as not, are the same on both sides. 

Temperature control usually is indirect. The temperature of the brine or caustic 
fed to the cells actually is controlled. The temperature of the liquor leaving the cells 
is monitored and used to reset the control point if necessary. This approach has two 
advantages: 

1. Control dynamics are better, because the dead time associated with the cells and 
piping is eliminated. 

2. The cells do not all have the same characteristics and therefore do not all operate 
at the same temperatures. Below, Section 6,6.3 discusses this aspect of cell-to- 
cell variation, along with the advantages of having some individual cell control. 

There are similarities between temperature and concentration control. The proper 
cell concentrations result when the right combination of solution feed rate and 
concentration exists. With all three types of cell, the feed brine concentration usually 
is set and controlled in the brine plant. Specifications imposed by the various techno¬ 
logies on the feed brine concentration allow only limited control to be exercised from 
that source. The feed rate is the variable usually manipulated in the cell room. In a 
mercury cell, the caustic product concentration is determined by the rate of feed of water 
to the decomposer. This must be proportioned to the rate of production of amalgam¬ 
ated alkali metal, or essentially to the operating load. In a membrane cell installation, 
the concentration of the recirculating caustic usually is continuously controlled by the 
addition of water. Again, the right combination of flow rate and inlet concentration pro¬ 
duces the desired outlet concentration. In fact, the material balance on the catholyte is 
determined simply by the rate of addition of dilution water, and the concentration/flow 
rate combination of the recycle stream must conform to this requirement. With the 
proper model of cell room operation built into a control computer, one can control the 
average catholyte concentration directly by manipulation of the water makeup rate. It 
is therefore possible to inject water directly into the cells and avoid caustic recycle, 
provided that mixing of the water is rapid and that the catholyte heat balance can be 
maintained. 
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Normal operation of diaphragm cells does not permit independent control of anolyte 
and catholyte concentrations or temperatures. The catholyte composition is the more 
important, since it has a greater effect on cell operating efficiency and also determines 
the load on the caustic evaporators. The anolyte concentration must remain above some 
minimum, and this can become a constraint on the catholyte concentration. 


6,6.3. Cell-to-Cell Variation 

The discussion so far has tacitly assumed that all cells are operating at the same con¬ 
centrations and temperatures. The reality is quite different, and operating characteristics 
vary from cell to cell. The conventional process for depositing diaphragms, for example, 
is inexact, and membrane cells require manual assembly with its inherent variability. 
The characteristics of new cells at startup will vary about their means. Aging of the 
components, primarily diaphragms and membranes, also will not be uniform. Even if all 
cells operated at the same current, there would still be differences in their voltages and 
current efficiencies. From a process control standpoint, the most important variation is 
that in voltage. This affects the heat balance on a cell, and a higher voltage means an 
increase in the cooling load. To the extent that an increased voltage is part of an overall 
cell room trend, a change in electrolyte feed temperature, for instance, can offset some of 
the increased demand. Operating temperature also is partially self-regulating. At higher 
temperatures, more water vaporizes and carries with it some of the increased heat flux. 
In the end, however, an increase in feed rate is necessary to maintain temperature control. 
This changes the mass balance as well. 

With a diaphragm cell, an increase in brine flow rate means a decrease in the con¬ 
centration of NaOH and the NaOH/NaCl ratio in the catholyte. Those two parameters 
then move away from what were presumably optimum values. Cell performance suf¬ 
fers and evaporation load increases. The latter effect can be avoided by maintaining the 
same total flow to the cell room. The small change that adjustment of the flow to one 
cell causes in the performance of the other cells is not measurable, but the accumulated 
change becomes significant as more and more cells require special attention. Eventually 
a cell reaches some operating limit (voltage; production of chlorate, oxygen, of hydro¬ 
gen; position of overflow pipe) and must be removed in order to replace the diaphragm. 
Opposite adjustments are necessary after installation of the new cell. Because of vari¬ 
ations in diaphragm quality, these cannot be predicted with great confidence, and the 
new cell will require close attention and possibly some adjustments before settling in to 
steady operation. 

In a mercury cell, adjustments to the brine and caustic loops are independent but 
subject to the same sorts of fluctuation. Anode adjustment and the occasional stoppage 
to remove mercury butter can offset changes in mercury cell performance. 

Membrane cells follow the diaphragm-cell pattern, with the need to consider anodic 
and cathodic processes separately. An increase in brine flow increases the depleted brine 
concentration. This has no particular deleterious effect on cell performance, but allowing 
for higher flow throughout the brine recycle system adds to the plant cost. On the cathode 
side, an increase in net flow through the cells would reduce the product concentration 
and perhaps move it away from the economic optimum. Eventually, membrane cells 
must also be renewed. Their operating cycles are longer, averaging several years against 



464 


CHAPTER 6 


normally less than one year in the case of modified asbestos diaphragms. There is some¬ 
what less variability in the performance of new cells. Observation of membrane- and 
diaphragm-cell circuits at startup indicates that, at the same average voltage, the center 
and low-voltage end of the voltage frequency distribution are much the same. Membrane 
installations have the advantage of less skewness and fewer high-voltage outriders. 
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Brine Preparation and Treatment 


This chapter considers the preparation of brine from solid salt and the design and 
operation of each of the major units in a brine purification system. The discussion begins 
with the sources of electrolysis salts (both sodium and potassium chlorides; both natural 
and refined) and the methods of handling and storing them and then dissolving them to 
prepare brine. There is also a brief discussion of the storage and handling of brine. The 
rest of the chapter is then devoted to the treatment of brine to reach the purity demanded 
by the various types of cell. The sequence of the discussion follows the flow diagrams 
of Figs. 6.1 and 6.2. 


7.1. SOURCES OF SALT 

7.1.1. General 

The classical work on salt is Kaufmann’s ACS Monograph 145, Sodium Chloride. 
Although first published in 1960, it is an unmatched overview of all aspects of salt 
technology and still has much useful material. 

Salt is an ubiquitous mineral and perhaps history’s most important mineral. In an 
age when most of the developed world worries about too much salt intake, it is sometimes 
hard to remember that salt is an essential component of the human diet and that throughout 
most of history it has been in short supply. Salt deficiencies that are less than fatal still 
can interfere seriously with bodily functions. Thousands of Napoleon’s soldiers, faced 
with a lack of salt in their diet and as a disinfectant, died during the retreat from Moscow 
because their wounds could not heal. Access to salt or the salt trade has played a large 
part in shaping the history of nations. The long-lasting alliance between England and 
Portugal was originally based on trading naval protection for a source of salt [1]. 

The very word “salary” reflects the importance of salt in .the days of the Roman 
Empire. A soldier’s pay was his solarium argentum, or his salt money. The same origin 
tells us that a useful man is “worth his salt,” and we say that good people are the “salt of 
the earth.” Plato referred to salt as “a substance dear to the gods.” 

There are large underground deposits of salt, usually in the form of the cubic crystal 
halite, in many parts of the world, and the oceans themselves contain about 2.7% NaCl. 
Each cubic kilometer of seawater therefore contains more than 27 million tons of NaCl. 
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This is enough to meet the world’s demand for salt for seven or eight weeks. Since the 
seas contain about 1.35 billion cubic kilometers, the present rate of use would consume 
their chloride in about 180 million years. Solid deposits of salt, measured only in the 
billions of tons, add very little to this. Since over the course of 180 million years, a 
very high percentage of the chloride used will have found its way back to the seas, this 
situation is less alarming than it might appear. 

The salt found in underground deposits is usually referred to as rock salt. It is 
recovered both by classical mechanical mining and by forcing an aqueous stream down 
into the deposit and back to the surface through a pipe (solution mining). Seawater and 
saline brines are the other major sources. These are allowed to evaporate in large ponds, 
precipitating the salt for mechanical recovery. The product is usually referred to as sea 
salt or solar salt. A relatively minor source is the occasional near-surface pool of brine 
or low-lying surface deposit. The latter is often in the form of loose particles which can 
simply be dredged and then washed. 

Salt mining is a large-scale specialized activity. Few chlorine producers mine salt 
or have much control over the process. Section 7.1.2 therefore gives only a brief review 
of the subject of mechanical mining of rock salt. Solar salt production, on the other hand, 
is closely tied to chlorine plants in some parts of the world. A fuller description of its 
production seems appropriate and appears in Section 7.1.3. 

While the natural salts predominate in the NaCl market, the chlor-alkali industry 
also uses quantities of processed and byproduct NaCl, Several techniques, discussed 
in Section 7.1.5, are used to upgrade both rock and solar salts in order to reduce the 
cost of on-site treatment. In other cases, byproduct brines are available from chlorine 
consumers. These usually result from the neutralization of HCl produced in phosgenation 
or chlorination processes (Section 7.1.4). 

KCl is much less plentiful than NaCl. Its molar concentration in seawater is only 
one fiftieth that of NaCl. It is obtained chiefly from mineral deposits and again is not so 
widespread as NaCl. Much of the KCl, moreover, exists in mixed ores such as sylvinite, 
a combination of NaCl and KCl. KCl is discussed separately in Section 7.1.6. 

Any chlor-alkali producer whose operation is based on the solid raw material will 
find it necessary to store salt. Section 7.1.7 addresses this topic. 


7.7.2. Rock Salt 

Rock salts are those formed by evaporation of inland seas over a broad range of 
geologic time, ranging from the Precambrian through the Quaternary. They abound 
in many parts of the world and are used extensively in chlor-alkali production. 
Less than half the total salt used is rock salt. In Canada and the United States, 
rock salt is the primary source for the chlor-alkali industry, outweighing solar 
salt by about 5:1. Rock salt is recovered by subsurface mining. Certain applica¬ 
tions, including chlor-alkali manufacture, can use the NaCl solution obtained directly 
from rock salt by forcing water into the deposit to dissolve the salt. This tech¬ 
nique, solution mining, is regarded as a brine preparation process and treated in 
Section 7.2.2.4. 

Most rock salt mining involves undercutting of a deposit, drilling, and blasting. 
Usually, mining advances by undercutting the salt to a distance of about 5 m from the 
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face. The miners then drill a series of holes of the same length in the face of the deposit 
and charge them with an explosive. The explosive most often used is ANFO, a mixture of 
fertilizer-grade ammonium nitrate with No. 2 fuel oil. Exact procedures and the amount 
of salt that can be released by a blast depend on the geometry and physical characteristics 
of the deposit. 

There are two principal types of deposit. In one, the salt exists in bedded, relatively 
horizontal strips or strata, separated by layers of shale, limestone, or gypsum. The extent 
of some of these deposits is huge. The salt zone in eastern North America extends about 
2,500 km east to west (equivalent to Paris-Moscow) and more than 600 km north to 
south (equivalent to Hamburg-Vienna). The top of a deposit may lie 100 m or more 
than 1 km below the surface. Each stratum of salt is mined individually, usually by 
excavating rooms about 15 m wide and up to 8 m high. Mine shafts, typically 6 m in 
diameter, are excavated to the depth of the deposit. Many shafts are lined with con¬ 
crete through the overburden. Mining usually progresses by drilling holes for placement 
of the explosive across the entire face of the salt in a room. Several hundred tons of 
salt may be released by each blast. The rooms are interconnected by crosscuts at cer¬ 
tain intervals. Recovery of the salt is incomplete, because some of it is left in place 
as pillars that provide support for the overburden. Under the high loads that many 
mines support, salt undergoes plastic deformation. Over a long period of time, the 
mine floor and roof can converge. Proper sizing of the rooms and pillars, based on 
the principles of rock mechanics, allows convergence without failure of the roof or 
floor [2]. 

Salt also occurs in large deposits of great thickness, called “domes.” These appar¬ 
ently formed by the plastic flow of salt from great depths up through weak sections 
in the surrounding rock. Figure 7.1 shows a typical sequence. Salt domes occur in 
parts of Europe and on the Gulf Coast of North America and often have diameters of 
more than a kilometer. Figure 7.2 shows the outline of a typical dome in Avery Island, 
Louisiana [3]. Assuming a circular cross-section, the amount of salt shown here could 
supply the world with chlorine at its present rate of production for over 600 years. The 
largest domes may contain hundreds of billions of tons. Mining can be more efficient 
in domes, because the operation is less constrained by the dimensions of the salt face. 
Holes still may be drilled across the width of a cavern but only to a certain height. 
Much larger quantities of salt can be released. In a large mine, a single blast might 
release more than 30,000 tons [4]. While mining in stratified deposits is usually at a 
single level in each stratum, dome mining proceeds more gradually, with the levels 
sloped. 

Mined salt must be crushed to a usable particle size. Three stages of crushing are 
typical, with at least the first performed underground to eliminate the need to handle 
meter-sized chunks and raise them to the surface. The maximum size from this stage is 
typically about 250 mm. Final grinding reduces the maximum particle size to something 
on the order of 30 mm. Screening then produces several cuts, which are intended for dif¬ 
ferent uses. While several auxiliary crushing and screening operations are employed 
with recycle streams, the major screening operation can be divided into two steps. 
Primary screening produces three fractions. The oversize material is sent to a recrush¬ 
ing system and is then screened again. The destinations of the three fractions from 
this operation are the same as those from the primary screener. In one version, the 
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FIGURE 7.2. Cross-section of a salt dome. (Avery Island, LA) (After J.B. Carser, Bull. Am. Assoc. Petrol. 
Geol. (1950).) 


center cut, sized from about 9 to 15 mm, is sent to storage as a product referred to as 
“#2.” The undersize from the primary screening is sent to a tails screener The oversize 
from this screen, sized from about 6 to 10 mm, is another product, #1. The center cut is 
sized from about 3 to 6.5 mm. This is known as coarse crystal, or “CC.” The undersize, 
below 3 mm, is fine crystal, or “FC.” Alternatively, grades are designated by descriptive 
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terms as in the following tabulation: 

Fine 0.2-2 .8 mm 

Medium 0.4-4,0 mm 

Coarse 2-8 mm 

Extra Coarse 1-11 mm 

Screens are usually made of stainless steel or Monel, at least in the finer sizes. Coarse, 
heavy-duty screens may be made of hot-dipped galvanized steel. 

The finest particles (<600 p.m) are hard to handle, cake easily, and have the least 
commercial value. They often are used for maintenance inside the mine, as in road 
building and repair, and to build temporary barriers. The latter often are erected between 
pillars for control of ventilation. 

At some stage in the size-reduction process, the broken salt is transported to the 
surface. Belt conveyors are used in the crushing and screening operation. Various types 
of vehicles, suited to the characteristics of individual mines, deliver the salt to the primary 
crusher or the shafts, for hoisting to the surface. Vehicles include front-end loaders and 
diesel trucks. Low-profile end-loaders of relatively small capacity are used when roofs 
are low. Load-haul-dump (LHD) units, needing only one operator/driver, can collect, 
transport, and deliver salt to a crusher. 

Continuous mining machines have rotating moveable heads with carbide cutting 
edges. They are used more extensively in mine development than in production. 

Major considerations in mine engineering are safety, ventilation, the working envir¬ 
onment, and transportation of salt and workers. Drainage is of critical concern, because 
water accumulated in the process or leaked into mine shafts from the surface or water¬ 
bearing strata can damage the unmined columns of salt that are used as structural support. 
Shafts and mine superstructures are built mostly of concrete and heavy structural steel. 
The latter requires painting and constant maintenance. The worst area for corrosion is 
at the head of the mineshaft. The atmosphere there includes moisture condensed by 
cold mine ventilating air; salt dust; gases such as H 2 S, CH 4 , and CO 2 released from 
occlusions in the salt; and the products of combustion from blasting. Normal practice is 
to monitor the air in the mine for carbon monoxide released by combustion and for the 
toxic gases associated with the salt deposit and the methods of mining. 


7.7.5. Solar Salt 

7. L3.L Production from Seawater 

7.1.3.1 A. Principles. Solar salt results from natural evaporation of seawater or brine in 
large ponds. Its production is a slow process. The retention time from intake of seawater 
to harvesting of salt is usually several years. Even brine from wells, which is much more 
concentrated to begin with, requires a year or more. Because the rate of evaporation 
and the success of salt production depend on local weather patterns, it is an uncertain 
business and one that must follow a yearly cycle. Many solar salt plants make product 
during only part of the year. 

Because of the complex constitution of seawater, many species other than NaCl can 
precipitate from solution. Therefore, the production of solar salt involves a sequence of 
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fractional crystallizations. Total crystallization of the dissolved solids from seawater [5,6] 
would produce a salt of this approximate and unattractive composition: 


NaCl 

77.8% 

MgCl2 

10.9 

MgS 04 

4.7 

CaSOa 

3.6 

KCl 

2.5 

CaC 03 

0.3 

MgBr2 

0.2 


The list refers to anhydrous species. Allowing for hydration of magnesium and calcium 
compounds, the solid salt actually would contain about 65% NaCl. Baseggio [7] also 
reported the analysis of salt obtained by the evaporation of seawater taken from the 
Caribbean Sea (Inagua, Bahamas). He grouped the solids somewhat differently and 
ignored the presence of carbonate. Adjusting the data in all three references [5-7] to an 
ionic basis shows that they are in close agreement. 

As evaporation proceeds, fortunately, the dissolved salts tend to precipitate sequen¬ 
tially, and so it is possible to harvest NaCl selectively. With the composition given, 
CaS 04 and the carbonate will precipitate first and will be followed by NaCl. Mag¬ 
nesium compounds precipitate later than NaCl. Each species precipitates over a certain 
range in brine strength, and there are no sharp demarcations. Thus, precipitation of NaCl 
begins before precipitation of calcium compounds is complete and continues into the 
magnesium-precipitation phase. Optimum separation of these overlapping processes is 
part of the art of solar salt production. 

The first salt produced by solar evaporation, many centuries ago, would have had 
approximately the composition tabulated above. Its taste would have been very bitter. 
Technology began to advance when someone noticed that the taste deteriorated rapidly 
toward the end of the evaporation. By draining off the last small volume of brine and 
harvesting the salt already formed, the solution responsible for the bitterness, still referred 
to as “bitterns,” was isolated. Similarly, someone noticed at some point that the first 
material precipitated was not salt. By making a cut on the front end, transferring the 
brine after the onset of NaCl precipitation to another pond, the amount of gypsum in 
the product was also reduced. This simple technique is the essence of the methods used 
today. 

Baseggio evaporated the seawater and reported its composition as a function of 
density, noting the onsets of gypsum and salt crystallization. The water used was about 
10% more concentrated than water from the open oceans (3.76% total salts vs 3.42%) 
but was identical in salt composition. Evaporation continued until the density of the 
remaining brine reached 1.25, just at the onset of magnesium precipitation. The volume 
by then had been reduced to about 3.5% of its starting value; salt precipitation did not 
begin until the volume was reduced by about 89%. 

The curves of Fig. 7.3 qualitatively show the course of precipitation of the solids. 
From the onset of NaCl crystallization until the final density is reached, about 77% of 
the salt precipitated in Baseggio's work, the rest remaining with the bitterns. The CaS 04 
crystallizing along with the salt represents a dry-basis concentration of 0.6%. This can 
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FIGURE 7.3. Course of precipitation of solids from seawater. 


be reduced by delaying the start of the product cut. In commercial operation, evaporation 
proceeds until the brine density reaches 1.25 or 1.26. This corresponds to precipitation of 
72-79% of the NaCl [2]. These numbers vary in practice, as commercial operations may 
continue evaporation in order to improve the salt yield. The exigencies of production 
will make the boundaries between stages of precipitation less precise, and economic 
optimization of the operation may call for greater production of salt at the expense of 
purity. Most solar salt on the commercial market does in fact contain significant amounts 
of magnesium compounds. 

Because of the importance of climatic conditions, solar salt plants are largely con¬ 
fined to warm or dry parts of the world. Where concentrated natural brines are available, 
there are exceptions. In the United States, for example, a solar salt plant once operated 
in Syracuse, New York, a city renowned among Americans for its annual snowfall. 

Each plant will follow a yearly program. Productive operation typically ceases 
during the winter months. “Winter” is a relative term here; the length of the unproductive 
period is highly variable. It may be as much a question of wet and dry seasons as a change 
in average temperature. When operation begins again, the objective will be to deliver 
saturated brine as soon as possible to the part of the plant in which NaCl is precipitated. 
Toward this end, the salt plant will be divided into a number of ponds, each of which is 
intended for brine of a certain density. The brine being processed flows from one pond 
to another, finally reaching the end of the cascade where solid salt is produced. There 
are four groups of ponds with different functions: 

1 . the concentrators or condensers, which remove suspended solids and concentrate 
the brine to saturation; 

2 . the lime ponds, which allow further evaporation and the crystallization of 
calcium compounds; 

3. the crystallizers, in which evaporation of the brine produces salt crystals; 

4. the bittems-holding ponds, which hold highly concentrated solutions of mag¬ 
nesium salts. 

At the end of a yearly production period, the various ponds are more or less full of brine 
at different stages of concentration. Maintaining a profile of concentration will help the 
restart in the next production period. Doing this in the face of wintertime rainfall requires 
some management. Adding residual brine or wash brine from the crystallizers can offset 
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FIGURE 7.4. Beach well system to supply solar salt plant. 


a rigid launching frame. The pipe ends in a riser that carries the suction clear of the floor 
of the sea. 


7.1.3.1C. Evaporation. Seawater collected in a pond is allowed to sit and evaporate. 
Tidal gates, which are always closed during low tide to prevent backflow of brine, can 
be kept closed to prevent dilution until a certain amount of water has evaporated and 
the partly evaporated brine has been transferred to another pond. Alternatively, seawater 
can be allowed to enter the first pond along with the tides in order to keep the front-end 
productivity at a maximum. 

Eventually, a cascade of ponds operating at different brine strengths emerges. The 
art of solar salt production consists in management of the concentrations and proper 
staging of the brine flow. Depending on the terrain, transfer from pond to pond can be by 
gravity or by pumping. Addition of new brine to a pond dilutes the contents of that pond 
and can disrupt the concentration profile in the cascade. Dividing a pond can offset this 
effect and force the brine to flow in a pattern that is closer to plug flow. This raises the 
average surface concentration and lowers the overall evaporation rate. Furthermore, in 
dividing the pond, one spends money to reduce the total area available for evaporation. 
This approach therefore requires close attention to brine hydraulics and the optimization 
of the number and arrangement of subdivisions [9,10]. 

As the brine becomes more concentrated, its vapor pressure and rate of evaporation 
become less. By the end of NaCl precipitation, the rate will have dropped nearly by 
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half, Joshi and Bhatt [11] divided the evaporation into 10 stages, determined by the 
density of the brine. For each stage, they estimated the rate of evaporation by applying 
a correction factor for vapor pressure. These factors are based on the average density in 
each stage [12]. Using fixed limits for brine densities in and out of the last stage, they 
provided a formula for its area. Applying a small degree of conservatism, this becomes 

A = 0.9 TjDE (1) 


where 

A = area of last compartment, hectares 
T — tons per year of salt production 
D = crystallizing days per year 
E — evaporation rate of fresh water, mm per day 

E is determined for each site by applying a correction factor to the results of tests in a 
standard evaporimeter. For large ponds, the factor is 0,7. This and the vapor pressure cor¬ 
rection already alluded to are built into Eq. (1), whose results agree with those published 
by See [13] for operations in California. 

Joshi and Bhatt derived the areas required in each stage and expressed them as 
fractions of the area of the final (crystallization) stage. The total area amounted to more 
than 13 times the area of the crystallizer. This is typical; See reports a range of 10 to 15. 
Since the depth of brine also varies from stage to stage, being typically 400 mm in the 
front end and 100-200 mm toward the end of the cascade, the volume of the crystallizing 
stage may be only about 3% of the total. 


Example, Our reference plant, as shown by a later example in Section 7.1.7, requires 
a supply of about l,300tpd of salt. Operation for 350 days a year would consume 
1300 X 350 = 455,000 tons annually. A solar salt plant operating for 200 days a year 
with an average evaporimeter rate of 10 mm per day requires a crystallizer area of about 
(0.9 X 455,000)7(200 x 0.7 x 10) = 292 ha. The multipliers given in the text then suggest 
that the total area dedicated to supplying our plant must be 38 km^. This is a rather good 
productivity. Bertram [2] notes that a 400,000 tpy plant can require 40 km^ or more. 


7.1.3.1D. Percolation. Percolation of brine through the walls and bottoms of the ponds 
can be a significant yield loss. Sandy beaches are obviously poor candidates for brine 
ponds. There is always an attempt to locate a solar salt plant on less permeable soil. 
According to the Karman equations, permeability increases with the square of the aver¬ 
age particle size and decreases with approximately the 1.75 power of the uniformity 
coefficient. The latter is a descriptive index calculated by dividing the size of an opening 
passing 60% of the soil by the size of one passing 10%. Fine soils therefore are desirable, 
and a wide particle size distribution (PSD) allows better packing, as the finest particles 
can fill the interstices among the larger particles. Clay serves much better than sand 
or loosely packed soil. The ponds as constructed are often lined with clay to reduce 
permeation. Synthetic liners fabricated from thermoplastics are also sometimes used. 
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The precipitated matter itself also helps to seal the ponds. A permanent salt floor of 
200-250 mm acts as a seal and also prevents inclusions of dirt and clay in the harvested 
salt. Fresh salt then accumulates to a thickness of 100-200 mm before harvesting. 

Permeation losses become more important as the brine becomes more concentrated. 
The crystallizing ponds are obviously the most important of all, and the strength of their 
surfaces is another major consideration. The bottom of a crystallizing pond must be 
able to support harvesting equipment and must be able to withstand damage from its 
movement and operation. 


7.1.3.IE. Energy Efficiency. The amount of energy transferred in solar ponds can be 
huge. A good site should produce a noontime flux of more than 80kJm”^ min”^ [14]. 
The energy transferred at this rate in 1 ha is equivalent to burning about 40 tons of coal per 
day. Butts [15] presents data from a Northern Hemisphere site that in July evaporates 55 
tons of water daily from 1 ha. In 81 km^, this plant can evaporate about 450,000 tons of 
water each day. This is more than is evaporated in all the world’s caustic soda evaporators 
combined. 


7.L3. 2. Production from Inland Sources. Inland sources of brine are valuable when their 
locations reduce transportation expense and when they are much more concentrated than 
ocean water. Famous examples of the latter effect are the Dead Sea and the Great Salt 
Lake. These may be regarded in terms of salt production as enormous condenser ponds. 
Other sources may be springs or subsurface streams. 

The composition of inland sources is variable and may be quite different from sea¬ 
water. Other minerals may be more important than the salt. The Dead Sea, for example, 
is a major source of magnesium and bromine. Various parts of the world have deposits 
of mixed sodium and potassium chlorides; the potash is the more valuable component 
of these deposits, and the NaCl is often a waste product. Its disposal then can become 
an environmental problem [16]. 

The techniques used to produce salt are the same as those above, but the details of 
plant arrangement and operation may be radically different, reflecting the composition of 
the brine. Condenser ponds will be much less extensive. The relative size and importance 
of lime ponds will depend on the calcium content of the source. The ponding operation 
extends beyond NaCl recovery when other products are to be recovered. 


7.1.4. Other Sources 

7.1.4.1. Vacuum Pan Salt. “Vacuum pan” is the name given to the evaporative process 
for recovery of solid salt from brines. The process is the source of a substantial amount of 
salt, and it is one of great historical interest. It has been a common practice to evaporate 
natural brine from more or less shallow iron pans that were directly fired. The use of open 
pans is mentioned in Agricola’s De Re MetalUca. This situation evolved through various 
stages of sophistication in evaporator design, the introduction of multiple effects, and the 
use of vacuum to allow better energy economy. The use of vacuum became common in the 
19th century, and the first multiple-effect salt evaporator went into operation in 1899 [17]. 
Most facilities were small and intended to supply local markets. Calandria evaporators 
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with central downcomers were common. Tube lengths were limited in order to prevent 
excessive boiling point elevation due to hydrostatic pressure. Most new evaporators are 
forced-circulation, vertical tube units (Section 9.3.3.2), and the use of Monel as a material 
of construction is widespread. 

Some multiple units operate in cascade, with the brine following any of several 
paths through the unit. When nearly saturated brine is the feed solution, there is less to 
be gained by staging the brine, and parallel feed is common. 

Today’s standard vacuum evaporators are far removed from open pans. The so- 
called grainer process actually is closer to the original vacuum-pan process [17,18]. It 
was displaced by developments in the vacuum-pan process. It survives as a minor source 
thanks largely to the unique particle characteristics of its product. These are due to slow 
rates of evaporation from large, quiescent brine surface areas. A flow of air across the 
brine surface keeps the evaporation temperature at 90-95°C. Surface tension keeps afloat 
the flakes that initially form. Growth continues, mostly on the underside, until the hollow, 
pyramidal particles reach a size where they sink to the bottom. The process obviously is 
energy-intensive, and this fact accounts for its commercial demise [2]. 


7. 1.4.2. Byproduct Salt. One of the major uses of chlorine is in substitution chlorination 
of hydrocarbons: 


R-H -h CI 2 ^ R-Cl + HCl 

Some of these products go into the preparation of fluorocarbons: 

R-Cl + HF R-F -h HCl 

Another intermediate prepared from chlorine is phosgene, which then goes into the 
production of isocyanates: 

R-NH 2 + COCI 2 ^ R~NCO + 2HC1 

All these have in common the production of HCl as a byproduct. Much of it is recovered 
as such for direct use, sale, or conversion back to chlorine. Some of it is neutralized to 
NaCl and supplied to a chlorine plant as byproduct brine. 

Polycarbonates are produced by interfacial polycondensation of the sodium salt 
of bisphenol A with phosgene. The aqueous phase from this process therefore always 
contains NaCl. 

Depending on the source of process water, byproduct brine may have the advantage 
of lower concentrations of some of the classical salt impurities. On the other hand, it 
often introduces the new problem of the presence of various organics. 

The influence of organics on the electrolytic process is highly variable and of 
most concern in membrane cells. Application of byproduct brine must be studied on 
a case-by-case basis, and it may be necessary to treat the brine to reduce the organic 
content. 
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7J,43, Concentrated Seawater, Seawater increasingly is used as a source of drinking 
water. Evaporation, multistage flash distillation, or RO can produce water of satisfactorily 
low salt content. All these processes reject a concentrated salt solution whose strength 
depends on the amount of purified water recovered from the seawater. 

Most of the concentrate is returned to the sea, but some plants process it further 
to produce salt. Since the recovery by RO is often less than 50%, salt production is 
not often combined with RO. With the development of higher-pressure membranes and 
increasing restrictions on effluent, this combination may become more important in the 
future [19]. 

Seawater evaporation plants with more concentrated blowdown are more amen¬ 
able to the addition of salt production. Salt production usually is a separate operation, 
receiving concentrated seawater from the desalination plant. Further evaporation of this 
solution produces solid salt. As is the case in a solar salt plant, gypsum precipitates 
before NaCl and must be removed from the system. It is taken off as a slurry, part of 
which returns to the evaporators as seed crystal. The salt as produced, is contaminated 
with magnesium salts. By recovering the salt from its slurry in pusher centrifuges, the 
operator can greatly reduce the quantity of occluded magnesium-rich liquor. Because 
the precipitated magnesium concentrates at the surfaces of the particles, much of it also 
can be removed by washing the centrifuge cake. This phenomenon also accounts for the 
success of the salt washing process described in Section 7.1.5.1. 

Evaporation of seawater down to solid salt produces a huge concentration factor 
for trace impurities. The effects of this will vary greatly with locality. So too will the 
measures necessary to prevent fouling and foaming in the evaporators. 

We should also consider a variation on solar salt production in which the ponds 
are preconcentrators, with final salt production in conventional evaporators. Figure 7.5 
shows the steam required to produce a ton of dry NaCl in a triple-effect evaporator as a 
function of the incoming seawater concentration. 


O 

03 


c 

o 

Q- 

E 

3 

0 ) 

c 

O 

E 

cc 

B 

CO 



Initial Salt Concentration, g/llter 


FIGURE 7.5. Steam required to produce salt from concentrated seawater. 




478 


CHAPTER 7 


Seawater can also be concentrated by electrodialysis. An expenditure of about 
150kWhrton“^ of NaCl can bring the NaCl concentration up to 200 gpl [20]. This 
process has not found commercial application as an intermediate step in the production 
of large quantities of industrial salt. Where there is more value added on a smaller scale 
and not much competition from large producers, as in the production of table salt in 
Japan, it can operate successfully. 


7.1.5, Refining of Salt 

Natural salts are often processed to remove some of their impurities before sale. All 
food-grade and certain chemical applications require this. In the chlor-alkali industry, 
it is necessary at some point to convert crude salt as mined or produced into a material 
suitable for use in electrolysis. Whether this occurs at the salt producer’s site or in the 
chlor-alkali plant is fundamentally irrelevant. For economic or technical reasons, the salt 
supplier often undertakes a certain amount of upgrading. The most important processes 
are salt washing, brine evaporation, and salt recrystallization. 


7.7.5.7. Washing. For reasons explained below, washing salt to remove its impurities is 
easier with solar salts. While this is an operation that can be performed by the supplier, 
it is also a frequent practice in the chlor-alkali industry for the user to install and operate 
salt-washing facilities. 

By the nature of the process of their formation, particles of solar salt are not uniform 
in composition. From Fig. 7.3, one can construct an accurate idea of the structure of a 
particle. The first overlap between curves shows that precipitation of NaCl begins before 
CaS 04 is exhausted and that CaS 04 precipitation continues well into the NaCl phase. 
Economically, collection of product must begin while CaS 04 is still precipitating. One 
therefore expects that CaS 04 will be found throughout the salt particle, perhaps at higher 
concentrations in the interior. Magnesium precipitation begins after about 75% of the 
NaCl has precipitated, and the process may end at about 85% recovery. In an idealized 
model, then, all the magnesium appears in the outer 4% of the depth of a particle. Liquid 
occlusions between particles are also high in magnesium. 

This picture is consistent with observed differences between solar and rock salts. 
The ability to reject calcium and magnesium impurities by controlled fractional crys¬ 
tallization means that good solar salts are on the whole purer than rock salt. The high 
concentration of magnesium compounds at the surface makes the salt more hygroscopic. 
Solar salts may have higher overall concentrations of magnesium and usually have higher 
ratios of magnesium to calcium impurities. The latter fact, for reasons discussed in 
Section 7.5.2.1, creates problems in brine processing by making it more difficult to 
remove precipitated impurities from treated brine. Finally, when a batch of solar salt 
dissolves, the first solution that appears is rich in magnesium. 

The last fact means that solar salt will release high concentrations of magnesium 
when small amounts are dissolved. Rainfall onto a pile of solar salt will produce a high- 
magnesium runoff, and this along with drainage from the pile may be considered part of 
the first step in refining. 

If a fresh shipment of solar salt is added as a batch to a salt dissolver, there will 
be a surge in magnesium content of the brine being manufactured. This can upset the 
performance of the brine treatment system and eventually of the cells. Many plants 
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therefore have systems to isolate these fractions, the bitterns, for special treatment or 
gradual blending into the main brine stream. 

The heterogeneous structure of solar salts can be turned to an advantage. It makes 
it possible to improve quality by a simple washing process. Rapid washing of solar salt 
removes magnesium selectively while dissolving a relatively small amount of NaCL It 
is more difficult to remove calcium from rock or solar salt by washing. Results in this 
case are improved by selective rupturing of the salt particles. If salt is milled, it will tend 
to fracture at the calcium sulfate inclusions. This opens the inclusions to the action of 
the washer, and they tend to be swept away. Because of their irregular shape, the sulfate 
inclusions are slower to settle than halite crystals. Therefore, after release, they can be 
removed from the undissolved salt by elutriation. 

There are several commercial versions of the salt-washing process. Figure 7.6 is a 
generic illustration. Essential features are the limitation of the amount of salt dissolved 
and countercurrent exposure of the salt to any fresh water input. The flowsheet shows 
slurry transfer of salt from one section to another. The brine carrier in each case returns 
to the source. By grouping sets of equipment in order to eliminate the recycle lines. 
Fig. 7.7 brings out the simple countercurrent nature of the process more clearly. 


Raw Salt 



FIGURE 7.6. Salt washing process. 1. Feed hopper; 2. Vibrator; 3. Vibrating feeder; 4. Screener; 5. Belt 
conveyor; 6. Slurrying vessel; 7. Slurry pump; 8. Thickener; 9. Hydromill; 10. Elutriator; 11. Slurry pump; 
12. Thickener; 13. Centrifuge; 14. Filtrate vessel; 15. Filtrate pump; 16. Belt conveyor; 17. Rework pump. 



FIGURE 7.7. Countercurrent nature of flows in salt-washing plant. (Numbers refer to equipment in Fig. 7.6.) 
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Design data from one solar salt washing plant follow: 



Feed salt 
analysis 

Product 

analysis 

NaCl 

97.85% (w/w) 

99.45 

MgCl2 

0.78 

0.10 

MgS04 

0.33 

0.04 

CaS04 

0.75 

0.29 

Insolubles 

0.29 

0.12 


The feed salt analysis is equivalent to 0.22% Ca, 0.27% Mg, and 0.79% SO4. Washing 
removes about 8% of the NaCl value, along with nearly 90% of the magnesium and 
65% of the calcium, and about 60% of the insolubles. For each 100 parts of NaCl 
forwarded to the chlor-alkali plant, the washing process rejects 8.7 parts NaCl, 0.77 
MgCl2,0.33 MgS04, 0.54 CaS04, and 0.20 insolubles. This is a nonhazardous effluent 
that amounts to about 175 kg of total solids per ton of chlorine. Unless aerated, its 
corrosivity also is low, with pH = 6.5 to 8 [21]. 

In this example, removal of the impurities reduces the consumption of treating 
chemicals by 0.78 kg NaOH and 0.37 kg Na2C03 per 100 kg NaCl. Reducing the on¬ 
site consumption of NaOH improves its effective plant yield by about 1.2%. If the NaOH 
equivalent of the carbonate is included, this increases to 1.5%. 

The savings of chemicals listed above are based on stoichiometry. The assumed 
excess concentrations are unchanged. Sometimes it is argued that with less danger of a 
magnesium “spike”, the excess NaOH concentration can be reduced as well. Since the 
excess concentration is never very great, it does not provide any protection against a 
sizable spike, and this argument may be discounted. 

A significant benefit of salt washing sometimes is the change in the Ca/Mg ratio. 
It has already been mentioned that low ratios can lead to difficulties in phase separation 
in the chemical treatment of brine. In our example, the ratio improved from 0.83 to 2.5. 
This would be of substantial, if hard to quantify, benefit. 


7.7.5.2. Brine Evaporation. Brine evaporation is a technique for closing the water bal¬ 
ance in certain plants and a method for removal of impurities such as sulfate from the 
process [22]. Later sections of this volume discuss these applications. Most brine evap¬ 
oration, however, is aimed at the production of higher grades of solid salt for commercial 
sale. Food-grade salt, for instance, is almost exclusively the product of evaporation of 
NaCl brine. After evaporation, this salt is recovered in centrifuges and then dried to 
less than 0.05% moisture [2]. Two particular grades of evaporated salt are most import¬ 
ant to the chlor-alkali industry. In one, evaporative crystallization of raw brine gives 
purity substantially better than the salt that was the basis for the brine. Any version of 
the vacuum-pan process (Section 7.1.4.1) enhances salt quality by leaving impurities 
behind in solution. The second grade, vacuum purified salt, is the commercial ulti¬ 
mate in purity. This grade is produced from chemically purified brine. After removal 
of most of the impurities by methods described in Section 7.5, brine is evaporated to 
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TABLE 7,1. Comparison of Purity of Various Types of 
Salt (wt.% on dry basis) 


Component 

Rock salt 

Washed solar salt 

Vacuum salt 

NaCl 

93-99 

99 

99.95 

Sulfate 

0.2-1 

0.2 

0.04 

Calcium 

0.056-0.4 

0.04 

0.0012 

Magnesium 

0.01-0.1 

0.01 

0.0001 

Iron 

0.05-0.5 

0.03 

0,0001 


Source: Akzo Zout Chemie Booklet Electrolysis Salt (Sodium Chloride). 


TABLE 7.2. Hardness of Industrial Brines 


Type of salt 

ppm Ca + Mg 
(as calcium) 

Dry sludge 
(kgton“^ salt) 

Vacuum purified 

5-25 

nil 

Common purified 

100-400 

nil 

Coarse solar 

150-700 

0.4-1 

Coarse southern US rock 

400-1,300 

2-4 

Medium northern US rock 

- 

5-15 


crystallize the salt. This two-step purification yields a product of more than 99.9% NaCl. 
The use of vacuum purified salt for large-scale chlor-alkali production is most common 
in Europe. 

Table 7.1 compares the composition of typical rock, washed solar, and vacuum- 
purified salts. The quality of the salt is directly reflected in the brine that it produces. 
Table 7.2 shows typical values of hardness in brines produced from several grades of 
salt [23]. All cases involved wet salt storage in a downflow brinemaker. The last column 
of the table also shows the amounts of insoluble material accumulated. These do not 
include residual NaCl, which varies with the operation. A good result would be about 
30% NaCl in the total solids before washing. The southern rock salt used as an example 
is a high-purity grade. This was chosen to show, along with the data on sludge formation 
by the northern salt, the wide compositional range of rock salt. 

Evaporation is energy-intensive. The latent heat associated with separation of a ton 
of dry NaCl from saturated solution is about 6.5 GJ. With KCl, the equivalent figure 
depends more on the temperature assumed for the brine as produced but is in the range 
of 3.5-4 GJ. Energy economization is therefore a major consideration in evaporation 
process design. Two different approaches are in widespread use, multiple-effect 
evaporation and vapor recompression. 


7.L5.2A. Multiple-Effect Evaporation. The fundamental idea of multiple-effect 
evaporation is that a vapor produced from a solution can itself be used as a source 
of heat. In a simple single-vessel process, the latent heat of this vapor is removed in a 
condenser by cooling water and becomes waste heat. Condensing it instead in the heating 
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Process 


Condensate 

FIGURE 7.8. Use of process vapor in multiple-effect evaporation. 


zone of another evaporator transfers its latent heat into the solution being concentrated, 
producing another increment of vapor. In a sense, some of the latent heat of the outside 
steam supply is used more than once. Figure 7.8 is an example. Here, a solution has some 
of its water evaporated by heating it with steam in the first effect. After separation from 
the remaining liquid, the vapor becomes the source of heat in the second evaporation 
effect. In principle, the second-effect vapor could be used similarly to produce even more 
evaporation in a third effect, and so on. The total amount of water evaporated in all the 
effects divided by the amount of primary steam consumed is referred to as the “steam 
economy.” 

In a completely reversible process using steam to evaporate pure, saturated water, 
the number of effects could be increased almost without limit, and the steam economy 
could be very high. It would in fact approach the value N in an -effect system. A real 
system never reaches this ideal. Heat loss to the surroundings is an obvious reason, 
but this loss is controllable in design and is not usually a large factor. Another loss 
in economy sometimes results from the need to supply sensible heat to bring the feed 
solution to its boiling point. Again, good design can reduce this loss by interchanging 
the feed with a hotter stream. 

Other limitations on the utilization of the available temperature potential are more 
fundamental than the factors mentioned above. The total temperature potential avail¬ 
able to the designer can be taken as the condensing temperature of the available steam 
minus the temperature that can be achieved in the condenser of the last effect. Both 
these temperatures are limited. The practicalities of design limit steam temperature and 
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pressure. Available coolant temperature and the expense of producing deeper vacuums 
limit condenser temperature. 

When a practical value of available AT is selected, the use of multiple effects 
divides it into N parts. The driving force for heat transfer in each effect then is only 
about l/N times as great as in the single-effect case. This alone means that the total 
heat-transfer area in an A-effect system will be about N times that required by a single 
effect. Next, the boiling point rise (BPR) of the solution in each effect must be subtracted 
from the total driving force to give the total useful temperature difference. Not all the 
available temperature potential can be consumed by the BPR. Some must be reserved 
for the temperature differentials for heat transfer. To a first approximation, the required 
heat transfer surface will be proportional to the number of effects divided by this residual 
temperature differential. 

Figure 7.9 shows how the available temperature driving force typically is divided 
between useful potential and the BPR [24]. The example is a forward-feed evaporator 
concentrating sodium chloride brine with low-pressure steam (140 kPag), using from one 
to four effects. It is clear that as the number of effects increases, the driving force available 
for heat transfer declines. The more effective use of steam and the possibility of using a 
smaller boiler or releasing some boiler capacity for other uses must be balanced against 
the cost of providing more evaporator bodies and a greater total exchange surface area. 
Table 7.3 shows relative values of available AT and required surface area for different 
numbers of effects. The last column is based on the approximation noted in the preceding 
paragraph. 

Use of higher-pressure steam would increase the total available AT without chan¬ 
ging the number of degrees lost to the BPR. The percentage effects would be less severe 
than those listed above, and a larger number of effects might be used economically. 


Steam Condensing 



Working 
Delta T 



Boiling- 

Point 

Rise 


FIGURE 7.9. Allocation of temperature potential in multiple-effect evaporation. (Evaporation of NaCl brine; 
forward feed.) 
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TABLE 7.3. Effect of Evaporator Staging on Required 
Heat-Transfer Area 


Number of effects 

Available driving force (%) 

Area required (%) 

1 

100 

100 

2 

86 

230 

3 

77 

390 

4 

65 

610 


In-process economization also would reduce the amount of heat to be transferred in the 
evaporators themselves. There would be less steam required and, along with it, less 
heat-transfer surface. In any event, adding more effects and reducing the available tem¬ 
perature drop eventually becomes counterproductive. One rule of thumb is that it is 
seldom desirable to use an effective temperature drop of less than five or six degrees in 
each stage [25]. In brine evaporation, consideration of all these factors usually leads to 
a design containing three to six effects. 


7.1.5.2B. Vapor-Recompression Evaporation. The existence of the BPR in a solution 
means that the condensing temperature of the vapor raised in an evaporator will be lower 
than the boiling point of the solution from which it came. In other words, the vapor as it 
forms is superheated. When the vapor is used in another effect, the superheat provides 
very little thermal energy, and the vapor temperature quickly drops to the saturation 
temperature of pure water at the operating pressure. 

The value of that vapor would be increased if it were boosted to higher pressure and 
higher condensing temperature. It could then be used in place of steam to produce more 
evaporation. This is the fundamental idea of vapor-recompression evaporation. If the 
vapor produced by evaporation has its pressure increased by the black box in Fig. 7.10, 
it can be returned to the heating zone of the same effect. 

When the black box is a compressor, it is mechanical energy that makes the vapor 
more valuable, and the technique is referred to as mechanical vapor recompression 
(MVR). The steam temperature in the heating element of the evaporator must give a 
reasonable AT for heat transfer. This sets the condensing pressure, and the vapor from 
the evaporator must be compressed at least to that pressure. There is an economic balance 
to be struck between energy cost and evaporator surface area. Low compression ratios 
reduce compressor energy consumption but provide smaller temperature differentials 
and therefore require more heat-transfer surface. 


Example, The normal boiling point of saturated NaCl brine is 108.7°C. If we are to 
provide a temperature differential of 10°C, the steam must condense at 118.7®C, or at 
190.3 kPa. Taking compression to be a constant-entropy process, we can follow its course 
on a Mollier diagram or in the steam tables. Increasing the pressure of the cogenerated 
steam from atmospheric requires an increase in enthalpy of 118 kJ kg“^ and produces a 
vapor temperature of 196.5°C (78° superheat). We can perform similar calculations for 
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Other sets of conditions. Comparing a temperature differential of with the numbers 
above gives us the following: 


Temperature differential, °C 

5 

10 

Condensing temperature, °C 

113.7 

118.7 

Required pressure, kPa 

162.0 

190.3 

Increased enthalpy, kJ kg“^ 

83.3 

118.0 

Compressor input, kJkg~^ 

111.0 

177.3 

Compressed vapor temperature, °C 

168.4 

196.5 

Superheat produced, °C 

54.7 

77.8 

Relative power demand, % 

70 

100 

Relative surface requirement, % 

200 

100 


The power demand with the lower temperature differential is 30% less, but this reduction 
requires twice as much heat-transfer surface. 

Steam economy in a mechanical recompression system can be very high, equivalent 
to that obtained in a 10- or 20-effect system. It may be limited by the fact that less vapor 
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is generated from the process fluid than is condensed on the steam side. The difference 
must be made up with fresh steam. The steam delivery system must also be sized to 
allow operation at some level without the compressor. This covers startups as well as 
compressor downtime. 

The capability of compressors is a limitation on the practical application of MVR. 
Single-stage machinery is most economical. Standard centrifugal and rotary lobe com¬ 
pressors operate at compression ratios below two. High-speed centrifugal machines can 
deliver compression ratios of perhaps 2.5. Higher ratios require expenditure on a second 
stage or the use of special high-speed centrifugal or screw compressors. 

The mechanical supply of energy makes electricity the major cost component in 
MVR. At the same time, it makes it possible to improve a plant’s overall power factor. 
The vapor compressors are large consumers of energy. Outfitting them with synchronous 
motors can reduce the total energy demand. Increasing the field current on a synchronous 
motor causes the current drawn to lead the supply voltage. This characteristic is opposite 
to the normal lagging characteristic of induction motors and offsets their reduction of 
the power factor. 

When high-pressure steam is available, it can be used to replace electrical power 
in mechanical recompression if a steam turbine drive is provided. This is most effective 
when the heating value of the motive steam then can be used elsewhere. An alternative 
to mechanical compression is the use of steam in a booster jet to bring the process vapor 
back to condensing-side pressure. The black box of Fig. 7.10 becomes a jet with high- 
pressure steam input. This process is referred to as thermal vapor recompression (TVR). 
The motive steam picks up vapor from the vapor/liquid separator of the evaporator. High 
velocity is converted to pressure energy in a venturi. Depending on the ratio of steam to 
vapor, the outlet pressure can be anywhere between process pressure and steam supply 
pressure. Since steam is consumed in the booster, the true steam economy in thermal 
recompression is lower than it is in mechanical recompression. A single-stage evaporator, 
for example, may have the steam economy of a conventional two-stage system. Thermal 
recompression, in compensation, has a substantially lower capital cost. 

Again, there is a tradeoff between steam consumption and heat-transfer area. Use 
of more motive steam allows operation at higher pressure. The higher condensing tem¬ 
perature translates into less area. There will also be an excess of vapor available. Some 
systems use this in a sort of hybrid operation by adding a second evaporation effect, 
driven by the excess steam. 

Steam-jet ejectors must transfer work to the low-pressure fluid, and so there is a 
loss of enthalpy from the system. The overall mechanical efficiency of a well-designed 
jet is usually about 85%. Section 12.6.1.2 includes an analysis of the operating losses in 
atypical steam jet. 


7.1.5.2G. Materials of Construction. Evaporator materials of construction and their 
costs play a large role in determining the optimum compression ratio. Monel is a standard 
material of construction for brine evaporator bodies. Stabilized titanium (e.g.. Grade 12) 
is a frequent choice for heater tubing and Type 316 stainless steel for the circulat¬ 
ing pumps. The evaporator normally will be of the forced-circulation type described 
in Section 9.3.3.2. It will either contain a number of effects or operate with vapor 
recompression. Salt-recovery centrifuges may be Monel or stainless steel. 
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In membrane-cell plants fed with well brine, evaporation of depleted brine can 
be used to remove the excess water and maintain a water balance. This approach does 
not require a crystallizing evaporator. The solids-recovery section of a salt evaporator 
also is not required, and evaporator design is simpler. However, the problem of sulfates 
in the brine remains, and the materials of construction mentioned above may not be 
suitable. Free chlorine should be scrupulously removed from the depleted brine before it 
enters an evaporator, and even the chlorate that forms in the cells can be a problem. The 
working materials may have to be upgraded to types with higher nickel contents. Thus, 
the evaporator bodies and liquor-handling components may be upgraded from Monel to 
one of the Incoloys, which contain about 20% chromium and up to 45% nickel. 


7.1.5.3. Recrystallization. Solid impure salt, as mined or crudely crystallized by other 
means, can be upgraded by recrystallization [26]. The process involves addition of solid 
salt to a circulating brine, which is heated by the injection of steam. Flashing the hot 
brine under vacuum, after removal of insoluble material by settling and filtration, allows 
the salt to crystallize from solution. Recovery of the salt releases the brine carrier for 
recycle to the process. 

Theilgard [27] describes a similar approach that specifically rejects sulfate. When 
salt is dissolved and then recrystallized, certain impurities remain behind in the mother 
liquor. The inverse solubility of some forms of calcium sulfate enhances the separation 
that can be made between it and NaCl. As a salt is dissolved at higher temperatures, the 
solubility of NaCl increases and that of CaS 04 drops. Some of the selective dissolving 
techniques of Section 7.2.2.5 may also help the efficiency of separation and produce a 
high chloride/sulfate ratio. When the resulting low-sulfate solution evaporates at lower 
temperature under vacuum, the solubility of CaS 04 increases and that of NaCl decreases. 
NaCl is then produced as refined crystals. These are recovered by centrifugation, washed 
to remove surface contamination and occluded impurities, and dried for shipment to 
customers. Figure 7.11 illustrates the process. 

Evaporation can be multiple-effect, to conserve energy, and some of the vapor 
generated can be used to heat the salt slurry before dissolving. In either approach, the 
steam consumption is less than 1 ton per ton salt (say, 0.7-1.0). 


7.1.6. Potassium Chloride 

Discussions of chlor-alkali technology and production usually focus on the production 
of caustic soda from NaCl. The use of KCl to produce caustic potash, an application that 
accounts for only a few percent of chlorine production, is often ignored. The authors have 
made a conscious attempt not to do this. Therefore, this section discusses sources and 
recovery of KCl. The comprehensive discussion of the potash industry and the processing 
of ore to commercial forms of KCl by Zandon, Schoeld, and McManus [28] is the basis 
for much of what follows. 


7.1.6.1. Sources. The world produces about 30 million tons of potash each year. This 
is expressed as K 2 O and includes all primary potassium mineral products. Besides KCl, 
these include the sulfate and mixed potassium-magnesium sulfates. The major outlet 
for potash and agricultural fertilizers accounts for about 95% of production. Known 
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FIGURE 7.11. Salt recrystallization process. 


deposits of potash amount to about 10^^ tons. Ninety-eight percent of this occurs in 
Canada, the former Soviet Union, and Germany. The first two account for about 40% 
each and Germany for about 18%. The same three areas lead in potash production, with 
about 80% of the world’s total. France, the United States, and the Dead Sea region 
comprise a second tier of producers who rely more heavily on natural brines and lake 
deposits. 

KCl is the most important form of potash and is our main interest here. While 
deposits of sodium chloride are essentially crystalline NaCl with accompanying impur¬ 
ities, potassium chloride frequently exists in mixed ores. Much of it occurs as sylvinite, a 
mechanical mixture of sylvite (KCl) and halite (NaCl). Sylvite crystals are quite similar 
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to halite. Both are cubic with four molecules in a unit cell. The lattice length is greater 
in sylvite, 0.628 vs 0.5628 nm. The crystal density of sylvite should therefore be 91.8% 
of that of halite, and handbook data are very close to this. Other potassium ores contain 
major amounts of other components. Examples are the German ore Hartsalz, a mech¬ 
anical mixture of sylvite, halite, anhydrite (CaS 04 ), and kieserite (MgS 04 ). In all ores, 
the levels of impurities vary. 

Underground deposits of KCl, like those of NaCl, are of marine origin. They occur 
in nearly horizontal strata anywhere from 300 meters to more than two kilometers below 
the surface. The analogies to NaCl continue: mechanical mining is widely used and can 
follow standard coal-mining practice, the first stage of size reduction often takes place 
underground, and solution mining may be favored for deeper deposits. Regarding size 
reduction, it should be noted that some continuous mining machines produce ore in sizes 
less than 50 mm. The product of these machines can be conveyed immediately to the 
surface without underground crushing. 

Lake deposits may be in the form of brine or of crystallized salts. Pure KCl seldom 
is obtained from any of these, and the same sorts of beneficiation are used for all materials 
regardless of their sources. 

Section 7.1.3.1 on solar NaCl salt mentioned that the evaporation of some brines rich 
in KCl continues past the NaCl harvesting stage. Residual magnesium and potassium 
concentrations are high, and continued evaporation produces first a sylvinite mater¬ 
ial and then camallite (KCl-MgCl 2 - 6 H 20 ) with some uncombined KCl and a trace of 
NaCl. The sylvinite is beneficiated by flotation. The camallite is debrined on a filter. 
Partial decomposition of the filter cake with water tends to give MgCl 2 brine and a 
KCl/NaCl cake. 

Some mined ores are rich in sulfate, and K 2 SO 4 is their primary product. 
Langbeinite (K 2 S 04 - 2 MgS 04 ) is an example. Ores that yield KCl include camallite, 
mentioned above as a product of solar evaporation, and kainite (KCl MgS 04 * 3 H 20 ). 
The former is mined in Germany as a mixture with sylvite. Thermal leaching of KCl and 
recovery by vacuum crystallization yield a low-grade (<80%) material that is suitable for 
agriculture. It is upgraded to 95% for sale as KCl by further leaching and recrystallization. 
Kainite usually is processed to recover K 2 SO 4 . 


7.1.6.2. Beneficiation 

7.1.6.2A. Flotation. When potash ores are mechanical mixtures of pure crystals, it is 
possible to separate the components by flotation. This is reputed to be the first use of 
the flotation principle on water-soluble ores. A hydrophobic agent (the collector) that 
attaches itself selectively to one component allows that component to be wet by air rather 
than brine. Introduction of air bubbles then causes that component to float to the top of a 
pool of brine while the other component, wet by the liquid, drops toward the bottom. In 
modem potash processing, which is principally of sylvinite ore, it is invariably the KCl 
that is selected for flotation. Collectors are primary amines with 16 to 18 carbon atoms. 
Beef tallow is the major source; the mixture is often hydrogenated to remove double 
bonds and thus to increase its hydrophobicity. Usually, 50 to 150 ppm of the collector, 
based on the weight of the ore, is applied to a slurry of the ore in a conditioning tank. The 
tank must provide enough retention time to allow complete coverage of the particles. 
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Most of the air for flotation is brought into the mass by the action of agitators. It may be 
supplemented by addition of compressed air. 

Several other treating agents may appear in a flotation process. The effectiveness 
of these agents, and even the need for some of them, depend greatly on the nature of the 
ore and the intended application of the product. Clay, for example, can adsorb the amine 
collector and interfere with its operation. To remove clay, slurried ore is scrubbed by 
vigorous agitation in agitated tanks or rotating cylinders to break up agglomerates. With 
the help of dispersants, clay (and fine particles of ore) forms a slime that can be removed 
in classifiers or hydroseparators. Other materials (depressants) prevent the adsorption 
of the collector by the wrong mineral. Flotation aids, mostly oils, enhance the action of 
the collectors; froth modifiers inhibit the formation of excessive froth; etc. Accordingly, 
there are many variations in the flotation process [28]. There is no attempt to cover 
them here. 


7.1,6,2B. Crystallization. Since flotation is a mechanical separation of particles, it does 
little to remove impurities occluded in the KCl crystals. These include iron compounds, 
which impart a characteristic red color, as well as the familiar list of calcium, magnesium, 
sulfate, and bromide. KCl beneficiated by flotation alone therefore is more suitable for 
agricultural application than for electrolysis. Higher purity results when an ore is refined 
by crystallization, applied alone or in combination with flotation. The combination of 
flotation and crystallization is often useful when the KCl liberation characteristics of the 
ore are variable. Crystals then are produced mainly from dissolved fines, and the KCl 
recovery in the plant will be more than 90%, as opposed to the more typical 85-87% 
reported by Zandon et aL 

Figure 7.12 shows the mutual solubilities of NaCl and KCl in saturated brine. The 
solubility of KCl, shown in the lower field, is much more sensitive to temperature than 
is the solubility of NaCl. Therefore, dissolving a mixed ore such as sylvinite at high 
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FIGURE 7.12. Mutual solubilities in water—^NaCl and KCl. 
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temperature and crystallizing at low temperature can yield solid KCl of high purity. This 
effect and the more uniform PSD make the crystallized product superior to mechanically 
beneficiated material as feed to an electrolysis plant. The typical process uses a series 
of vacuum crystallizers. Evaporation of water cools the mixture, and progressive steps 
are at deeper vacuums and lower temperatures. The ore fed to the dissolvers and the 
mother liquor recovered from crystallization are heated by steam, at least some of which 
may be taken from the ejectors used to provide vacuum at the crystallizers. KCl crystals 
from the different effects are brought together and recovered by thickening, filtration or 
centrifugation, washing, and drying. 

Although the solubility of NaCl on a unit water basis increases stage by stage 
(Fig. 7.12), the loss of water through evaporation would be sufficient to allow NaCl 
to crystallize along with KCl. Replacement of some of the evaporated water reduces 
the amount of NaCl that precipitates. The addition of water to a crystallizing stage 
also increases the amount of mother liquor produced and reduces the yield of solids. 
Table 7.4 compares the material balances for 1 ton of feed solution in a crystallizer stage 
with and without water addition. In both cases, the feed liquor is at 102°C and contains 
19.9% KCl and 15.7% NaCl. The crystallizer temperature is 25°C, giving a mother 
liquor composition of 10.45% KCl and 18.0% NaCl. To simplify the comparison, the 
water added in the last column is assumed to be at the crystallizer temperature. The 
recovery of KCl drops by 5% in absolute terms, and there is nearly a 25% increase in 
the ratio of mother liquor to solid KCl. On the other hand, the purity of the crystals is 
greatly enhanced. Water added to the process therefore acts as a crystal-purifying agent, 
at the cost of less-efficient recovery, and its addition can be optimized to give the best 
combination of purity and recovery. Further treatment beyond that assumed above is 
necessary to reach typical sales specifications of 62-62.5% K 2 O. 

It is also important to control the degree of supersaturation in order to produce 
crystals of a useful size. This involves heavy recirculation of a slurry, usually maintained 
at about 20% solids in suspension. Draft-tube crystallizers with mechanical agitation 
are a commonly used design. Mother liquor is then withdrawn from a baffled zone and 
crystal slurry from the bottom of a vessel. Since separation is not perfect, the mother 
liquor transferred from stage to stage contains some quantity of fine crystal that acts as 


TABLE 7.4. KCl Crystallization from 
Sylvinite—Effects of Addition of Water to 
Crystallizing Stage 


Water added 

0 

70 

Water evaporated 

111 

111 

Mother liquor 

745 

843 

KCl in mother liquor 

78 

88 

NaCl in mother liquor 

134 

152 

Crystal produced 

144 

116 

KCl in crystal 

121 

111 

NaCl in crystal 

23 

5 

% recovery of KCl 

60.8 

55.8 

% K 2 O in crystal 

53.1 

60.5 


Note: All weights are kg per ton of feed solution. 
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seed in the next stage and increases the crystal population. An occasional phenomenon 
in KCl production, then, is a reduction in particle size and an increase in the amount of 
fine material produced in the later stages. This effect can be offset with a “fines killing” 
arrangement in which the fines are dissolved by mixing the dilution water with the mother 
liquor before subjecting the mixture to crystallizing conditions. 

Foreign ions can build up in the process through recycle of the mother liquor. These 
ions can alter solubility relationships and distort crystal formation. Most plants therefore 
include a purge of liquor in order to keep the concentrations of these species under 
control. 


7.1.6.2C. Materials of Construction. KCl is noncorrosive when dry, but once exposed to 
the atmosphere, it is quite hygroscopic. Exposed steel surfaces in a KCl plant should be 
coated with an epoxy or a good enamel. There should be special efforts to keep electrical 
equipment dry and free of dust. 

The corrosiveness of aqueous KCl systems increases with aeration, agitation, and 
higher temperature. The common material of construction for vessels in most benefi- 
ciation plants is rubber-lined steel, but this can not be used with certain flotation oils. 
Concrete lining on expanded metal is a popular substitute. 

The hot brine found in crystallization plants can be quite corrosive. Inconel, Monel, 
and stainless steel are used in most of the major equipment. Nonmetallic piping, including 
FRP, is common, within its serviceable temperature range, and Schedule 80 carbon steel 
pipe is often used in pump lines. The soil in a salt-processing plant can itself become 
corrosive as a result of spillage. Underground carbon steel lines therefore are protected 
by sacrificial anodes of magnesium or zinc or by application of direct electrical current. 


7,1.7. Storage of Salt 

Purified grades of NaCl and most KCl may be stored in specially designed facilities or 
in process tanks, sparger cars, etc. Most NaCl is stored outdoors. This is the cheapest 
approach, and with even minimal design effort it offers easy access to the salt. The salt 
should be placed on a pad designed to withstand traffic of the handling equipment as well 
as the load of the salt itself. Asphalt and concrete are the most frequently used materials. 
Salt brine can damage concrete and cause spalling if it is allowed to penetrate. The Salt 
Institute [29] recommends high-quality air-entrained concrete treated with sealants or 
asphaltic coatings. Plastic or elastomeric liners may be used for added protection. 

The chief concerns in the storage area are the potential for environmental pollution, 
caking, and the loss of salt. Caking is not usually a serious problem at a chlor-alkali plant 
when outdoor storage is applied wisely. The finest (often, the purest) salts usually have 
the greatest caking tendency. When their generally higher costs also are considered, they 
become poor candidates for open storage. 

Caking often is a serious problem when salt is dissolved directly from the pile. 
Intermittent dissolving in fact aggravates the caking phenomenon by leaving insoluble 
matter on the surface of the pile and by producing fines that drop into interstices between 
larger particles. The results are the formation of an impervious surface, channeling, and 
undersaturated brine. Section 1.2.2.3 on brine preparation points out that from a technical 
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Standpoint this is an inferior process. More frequently, the salt is in intermediate storage 
and must be moved as the solid to a dissolver. This involves the use of mobile equipment 
that generally is equipped to break up a crusty surface as well as to lift the salt. 

Any loss of salt from a pile must be regarded as a form of pollution. Salt, however, 
is quite benign and is not deemed a serious pollutant. Handling of solid salt, especially 
in windy conditions, produces a fine dust. This “drift” is one consideration in siting a salt 
storage pile. The wind-blown salt can be a nuisance in process areas and usually ends 
up in the plant’s effluent water system. Salt dissolved from the pile (e.g., by rainfall) can 
be recovered by collection in a sump and returned to the process. 

Salt piles can be covered in order to reduce losses. Commonly used materials are 
tarpaulins and PVC or reinforced polyethylene sheets. Covers are used mostly on inact¬ 
ive piles and sometimes have the incidental advantage of preventing contamination of 
the salt by windbome particles. Sometimes, sections of a large open pile are effect¬ 
ively inactive. Some parts of the pile are more easily accessible than others, and it is 
easier to withdraw salt as needed from these sections. An inactive section, after long 
exposure to weather, may have a composition and angle of repose that are signific¬ 
antly different from the original values. The angle of repose is defined as the constant 
angle to the horizontal assumed by a cone-like pile of solid. A variable composition can 
upset brine treatment. The angle may increase to the point where one sees operators of 
mobile salt movers working in a pile with an overhang of salt, an obviously hazardous 
situation. 

Salt is also lost in rainwater runoff. Crusting of the surface of the pile by accumu¬ 
lation of insolubles actually helps to limit this loss. The storage pad should be sloped at 
least 1-2% to remove drainage to a catchment efficiently and to prevent accumulation 
of surface water [29]. At the same time, the slope should be limited to about 5% [30], 
above which operation of equipment like front-end loaders can become unstable. On 
large pads, ditches and pipes can improve drainage. The drainage should be away from 
any adjacent ground-water system. Otherwise, it can follow the terrain. 

At the chlor-alkali plant, storage usually is in conical piles or windrows. The volume 
of a cone is one third that of a cylinder with the same diameter and height. The height 
of the cone in this case is related to its diameter by the angle of repose of the salt: 

/i/D =0.5 tan6> (2) 


where 

h = height of pile, m 
D = diameter of pile, m 

0 = base angle (assumed equal to angle of repose) 

The volume therefore can be expressed in terms of either one of the principal dimensions. 
For example. 


V = (jrD^/24) tanO 
where V is the volume of the salt pile, 


( 3 ) 



494 


CHAPTER 7 


When height is restricted, an expression in terms of the height of the cone is more 
useful: 


V =nh^/{3XSir?-e) (4) 

The angles of repose used in design of salt-handling equipment are usually 45° or 60°, 
These values are deliberately high in order to promote flow of the salt. Using them in 
one of the above equations will give an incorrect estimate. The true angle of repose for 
most salts is 30-40°. Many are close to 32°, at which angle the volume of a pile is 
approximately 0.0818 or 2,682 and h = 0.3124tf. The exposed area of such a 
pile is very nearly equal to the square of its diameter. 

A windrow can be regarded as two halves of a cone separated by a triangular 
prismatic pile. The volume of the prism is Lwhfl, where L is its length and w its width. 
The width is equal to the diameter of the cone, and the height of the pile is of course the 
same as that of the cone. The volume of this section, which must be added to the volume 
of the cone from Eq. (3) or (4), is 


V = {LD^/A) tan6> 


(5) 


or 


V = Lh'^lime (6) 

When the base angle is 32°, these become 0.1562 LD^ and 1.6 Lh^. The exposed area 
per meter of running length is about 1.2 D. 

Example. The salt equivalent to 800 tpd NaOH is 1,169 tpd. To calculate the need for 
raw salt, we allow 0.37% for impurities, 4,5% for water, and 1% for in-process loss. 
This gives us 1,241 tpd. We must also allow for in-process use of NaOH if we are to 
have 800 tpd available for sale. A 3% allowance raises our salt requirement to 1,280 tpd. 
We round this up, to allow for extra mechanical downtime and to provide some spare 
capacity, to 1,500 tpd. 

With the given bulk density of 1,080 kg m”^, the volume equivalent to a week’s 
supply of salt is 9,722 m^. First we calculate the dimensions of a single conical pile. 
Using a 32° angle of repose, we have approximately 

V =0.08D^ D = 49.6 m 
or V =2.6h? /z = 15.6m 

This could be acceptable. The entire facility, with room for access, could fit into a 
60-meter square. The exposed area of the pile is about 2,500 m^. 

If delivery were less reliable, or if it depended on infrequent delivery to a port, 
we might require a month’s supply of salt in storage. The volume required then is 
42,300 cu m, and the diameter of a single pile is greater than 80 m. Perhaps more import¬ 
antly, the height is more than 25 m. So, we consider the windrow. Possible dimensions. 
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where length means total length including the conical ends, are: 


Length (m) 

Width (m) 

Height (m) 

188 

40 

12.5 

116 

55 

17.2 

140 

48 

15 


The last combination was chosen to keep the height no more than 15 m. The best com¬ 
bination depends on site constraints, but the plot requirements are substantial. The shape 
of the pile is never ideal, and so some extra allowance of space is necessary. The true 
exposed surface area, calculated from the dimensions given to be 7,000-8,700 m^, is 
also larger than that of a uniform pile. 

When salt is handled or stored, it tends to segregate by particle size. If the PSD is 
wide and salt is dumped onto a pile, the finest material will tend to be in the center, while 
the coarsest will be low in the pile and nearer the periphery. This segregation sometimes 
causes problems in handling and can increase the salt’s tendency to cake. 

A subtler problem is the effect of particle-size segregation on salt analyses. The 
composition of salt is not uniform, and it is found in particular with rock salts that purity 
is a function of particle size. In a rock salt deposit, anhydrite is present as layers and 
as inclusions in particles of salt. It is less friable than salt, and so regions of high salt 
content tend to crush more easily and form finer particles. Whether these segregate from 
the associated insolubles is open to question, and Sutter [31] reports that screening has 
little effect on the insoluble impurity content of a sample. On the other hand, soluble 
impurities tend to be more concentrated in the finer salt. This phenomenon is less likely 
to be a problem with solar salt or processed grades. 

The analysis of salt for its major impurities is straightforward. The real problem in 
obtaining reliable data is one of sampling. Careless sampling always results in a non¬ 
representative PSD. This can lead to a faulty analysis and improper conclusions. These 
subjects are beyond the scope of this book, but there is an extensive literature avail¬ 
able including methods specifically recommended for salt. The American Waterworks 
Association publishes one set of methods in AWWA B200-49T. 

A minor note on salt analyses is that wet methods assay the concentrations of 
ions. Impurities are present in salt as minerals, and so standard wet analyses do not 
unequivocally identify all the solid compounds present. While this fact is worth noting, 
it is usually not of immediate interest to the chlor-alkali plant operator. 


7.2. PREPARATION OF BRINE 
7.2.7. Salt Handling 

Salt is delivered by ship, barge, train, and truck. Bulk solids unloading is by various 
methods, usually labor-intensive, which are not discussed here. Vibration during transit 
can pack the salt to the point where it resists flow. When mechanical flow aids are called 
for, Kaufmann [32] recommends heavy-duty large-amplitude vibrators. 
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Many different methods are used to transfer the unloaded salt to the process. Most 
coarse salt handles well, and most of the common types of conveyor are used where 
appropriate. This section reviews some of the characteristics of the different salts and 
describes the types of conveying equipment found most often in chlor-alkali plants. 
First, we consider some of the properties that are important to the design and operation 
of conveying systems. 


7.2,1.1, Physical Properties and Particle Size Distributions. Kaufmann [33] gives an 
extensive compilation of the physical and chemical properties of salt, and the various 
suppliers issue data sheets specific to their own products. Most commercial salts are 
pure enough that all grades have essentially the same inherent physical properties. Bulk 
and surface properties, on the other hand, are less constant. The handling properties, in 
particular, are highly variable, and this variability is primarily related to the particle size 
distribution (PSD). 

The PSD of a given salt is a function of the processing it has undergone. Most 
potash and the vacuum-purified salts of sodium are prepared by mechanical crystalliza¬ 
tion and have relatively fine, well-formed particles. Diaphragm-cell evaporator salts are 
similar, but they seldom appear as items of commerce. Solar salts are formed by very 
slow crystallization under uncontrolled conditions. They have larger and more irregular 
particles. These tend to crystallize as large pyramidal aggregates that are more fragile 
than rock salt; the particle size of a solar salt as delivered therefore is a function of its 
handling subsequent to its formation. Compared to vacuum salts, solar salts are large 
and have a wide PSD. Rock salts appear in a variety of sizes. This is a result of their 
processing, which includes mining, milling, and screening. Particles tend to be relat¬ 
ively large and variable in size, but the screening operation allows some control and also 
truncates the PSD. 

Figure 7.13 shows PSDs for several salts typical of the various classes. Curve 1 is 
a Canadian potash. Curve 2 is an Italian vacuum salt. Curves 3 and 4 are two samples 
of the same Bahamian solar salt from two different final suppliers. Curve 5 is a typical 
dissolver-grade rock salt. All distributions depart from true lognormal by the presence 
of too much fine material. As shown by the uniformity coefficients, the solar salts have 
the widest PSDs and the vacuum salt the narrowest. Figure 7.14 shows the variation in 
PSD caused by screening. All three curves are for rock salt from Weeks Island (United 
States). These are well-screened fractions whose distributions are closer to lognormal. 
The uniformity coefficients are about 1.5. 

The crystal density of NaCl is about 2.16 and that of KCl is about 1.98. As pointed 
out in Section 7.1.6.1, this difference of 9% is consistent with reported dimensions of 
the crystals. Bulk densities of NaCl as supplied run from 1.1 to 1.3. The finer grades 
have higher bulk densities. Thus, most rock and solar salts have bulk densities less than 
1.15; vacuum salts normally range up to about 1.25. KCl with its lower particle density 
is lighter, size for size, than NaCl. Since much of the KCl used in the industry is supplied 
in the finer grades, the difference in particle density is largely offset. One should be 
careful not to confuse reported bulk densities obtained by two different methods. The 
“loose” bulk density results when salt is simply poured into a container. The “tight” or 
“packed” bulk density is measured after tamping the sample to induce settling and is 
usually 3-6% higher. 
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FIGURE 7.13. Particle size distributions of representative salts. Refer to text for identification of curves 1-5. 



% Under Screen Size 


FIGURE 7.14. Particle size distributions of screened rock salt fractions. 


The handling properties of a salt and the capacity of a storage bin or area are 
related to the angle of repose. This is also a function of the PSD, but it is heavily 
influenced by surface moisture. Salt merchants can supply this information on the salt 
as supplied, but the user should be aware that the angle of repose is not a fundamental 
property independent of in-plant handling. 

Suppliers usually publish particle-size data as the fraction or percentage of a 
sample retained by each screen in a graded pack. Data may be on either a differential 
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or a cumulative basis. Screens are usually identified by mesh number, which in the 
English-speaking world represents the number of openings per lineal inch. Since wire 
diameters vary from one standard group of screens to another, so too do the sizes of 
the openings. Identification of the standard used in screening therefore is essential in 
careful work. 

Commonly used standards in the United States are Tyler screens and US Standard 
screens (American Society for Testing and Materials). Similar standards in the United 
Kingdom are British Standard screens and Institute of Mining and Metallurgy (IMM) 
screens. The dimensions of the screens are widely published and it is a simple mat¬ 
ter to assemble PSD curves such as those in Figs 7.13 and 7.14. A recent correlation 
mathematizing all these standards may still be useful for drawing comparisons [34]. The 
correlating equation takes the form 


d = a/M* 


(7) 


where 

d = particle size, mm 
M = mesh number 
a, b = constants for each standard 

The constants with their ranges of applicability are in Table 7.5. The maximum 
size (minimum mesh number) covered by these correlations is within the range of 
interest with the coarser salts. The commonly used standards change their identifica¬ 
tion systems in this range and report particle sizes (e.g., 3/8-inch) rather than mesh 
number. 

Only the IMM scale retains geometric similarity. The others use standard wire 
diameters that become larger relative to the mesh openings as size decreases. Another 
European (French) standard uses a direct rather than inverse scale to characterize particle 
size. The nominal diameter is given by 

dp = 0.0008 X 10°-’" (8) 

Like the other scales, this increases nominal size approximately in multiples of 

As the constants in the table show, there is not a great difference in particle sizes at 
a given US Standard and Tyler mesh number, and in common usage they are regarded 
as nearly interchangeable. 


TABLE 7.5. Empirical Constants for Screen Sizes 


Screens 

a 

b 

Range (mesh numbers) 

Range, sizes (mm) 

ASTM 

23.5 

1.090 

3.5^00 

0.038-5.66 

Tyier 

20.9 

1.070 

2.5^00 

0.038-8.00 

BSS 

17.2 

1.024 

4-350 

0.044-^.00 

IMM 

12.3 

1.000 

5-200 

0.063-2.54 


For use in Eq. (7). 
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7.2.1.2. The Phenomena of Caking and Freezing 

1.2.1.2A. Caking. Most of the problems that arise in storage and subsequent transport 
of salt are related to caking, which is the result of localized alternate dissolving and 
drying. Salt, being hygroscopic, can pick up moisture from humid air. Saturated brine 
then collects on the surfaces of the salt and by capillary action forms links between 
particles. If this solution dries by evaporation when the surrounding humidity decreases, 
the links become solid. When the humidity cycles, the process repeats. With each cycle, 
the links between particles become larger and stronger, and the ultimate result is cak¬ 
ing of the salt. Over time, the surface of a pile of salt may become impervious and 
extremely hard to break. It also shields the interior of the pile so that caking is partly 
self-limiting. 

Since saturated NaCl brine has a vapor pressure approximately 75% of that of water, 
a relative humidity greater than 75% will cause condensation onto the salt. This is known 
as the critical humidity. KCl solutions have higher vapor pressures and therefore higher 
critical humidity. Because KCl also has a higher temperature coefficient of solubility, the 
concentration of saturated solutions increases more rapidly with temperature. The critical 
humidity therefore is not so nearly constant as is the case with NaCl, and it decreases 
with increasing temperature. At most ambient temperatures, the critical humidity of KCl 
is 85% or higher. 

If the critical humidity is exceeded permanently, a salt dissolves in its own water 
of absorption. If the humidity never exceeds the critical value, very little water is 
taken up, and the salt remains dry. In dry climates, caking of salt may therefore be 
unknown. 

Since caking is a surface phenomenon, impurities in the salt can have a dispropor¬ 
tionate effect. Section 7.1.5.1 referred to the fact that the magnesium chloride impurity 
in solar salts tends to be at the surfaces of the particles. With its low critical humidity 
(~29%), MgCl 2 is more likely than NaCl to attract moisture from the air. The surfaces 
of solar salt particles, even if initially dry, tend to be wet when stored in the open. This 
does not necessarily mean that solar salts have more tendency to cake; that requires 
humidity cycles. If the humidity seldom drops below the critical level, caking will not 
occur. Calcium chloride, with a critical humidity of about 35%, acts the same way and is 
added to certain specialty salts by spraying onto the surface partly to achieve this effect. 
Because the impurity is concentrated at the surface but at a low overall concentration, 
the absorption of water is limited, and the particles do not dissolve but maintain their 
wet feel and resist caking. 

Small particles, with their high surface/volume ratio, pick up water more readily 
and are especially liable to caking. Vacuum salts and potash, as suggested by Fig. 7.13, 
are therefore the most sensitive. They are frequently treated with an anticaking additive 
before shipping. The one most widely used is sodium ferrocyanide, or yellow prussiate 
of soda (YPS). By the nature of the addition process, YPS also tends to concentrate at 
the surfaces of the particles. Therefore, when a batch of treated salt is dissolved, the first 
brine formed has a high concentration of YPS. Rain also selectively removes YPS from 
the salt, and this is one reason not to store such salts in the open. 

Rock salt, with its more or less uniform composition and its relatively large particle 
size, is less susceptible to caking. Outdoor storage of rock salt is a common and successful 
technique. 
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A related phenomenon with rock salt is caking at the mine head. A hot, humid 
climate often produces dew points of 25®C. There will be rapid condensation of water 
onto salt brought to the surface at lower temperature. This can lead to caking as the salt 
weathers. 

Wide PSD and storage of large quantities in deep beds or piles also aggravate caking 
tendencies. When the PSD is wide, fine particles find their way into the interstices among 
the large particles. This fact increases the number of interparticle contact points. Also, 
thermodynamically, the solubility of the smaller particles is greater [35]. There is a 
tendency for small particles to dissolve and for the salt to redeposit onto the larger 
particles and so provide another opportunity to form solid bridges. The effect of a deep 
bed is simply one of pressure. Pressure in the lower levels not only favors the cementing 
of the particles together but also increases the solubility of the salt slightly and promotes 
the formation of bridges of concentrated solution. 


7.2.1.2B. Freezing. Salt is used in large quantities to de-ice highways and is added 
to some bulk materials to prevent their freezing. Almost paradoxically, salt itself may 
freeze when stored in outdoor piles. The phenomenon can be understood by studying the 
NaCl-water phase diagram of Fig. 7.15. This shows that a hydrate, NaCl • 2 H 2 O, forms 
close to the freezing point of water (actually at 0.1°C). This hydrate is the stable form of 
solid for solution concentrations to the right of the eutectic. The saturated brine that forms 



0 23.3 26.3 28.5 

% NaCI 


FIGURE 7.15. Sodium chloride-water phase diagram. 
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on the surfaces of salt particles is in this region, and so when the temperature drops below 
the saturation curve, the dihydrate begins to deposit as a solid and to form salt bridges 
between particles. Since this solid contains more than 60% NaCl, the concentration 
of the surface brine decreases. More salt then goes into solution. The process repeats 
until all the water has been consumed, and the result is the formation of about 2,6 parts 
of hydrate for every part of water originally present. All this occurs at the freezing 
point of the hydrate, not at the eutectic temperature of about — 20'^C. Fine particle sizes 
aggravate freezing problems by their speed of response. The initial moisture content of the 
particles is the other important variable determining the rates of solution and subsequent 
freezing. 


7.2.7.5. Transport of Salt Large quantities of salt are moved by road, rail, barge, 
and ship. This section does not cover these modes of transport but is limited to the 
more common systems used for intrasite transfer. Most salts convey well, and most 
common types of conveyor are suitable for their transport. In many conveyor install¬ 
ations, the best arrangement does not simply follow a straight line. Smaller local 
conveyors are also required. At some stage, the conveying equipment must be pro¬ 
tected by separators or magnets that remove tramp metal, fragments of blasting caps, 
wire, etc. 

Engineering handbooks and vendors’ literature contain descriptions and design 
details for most types of conveyor. This section gives equations for the capacity 
of certain types and for the amount of power that they consume. These are empir¬ 
ical and derived from handbook and catalog data. They should not be used in 
place of specific information given by equipment suppliers. They are supplied here 
once again to give the reader a practical feel for the systems used in chlor-alkali 
operation. 


7.2.1.3A. Belt Conveyors. Belt conveyors are sometimes used to transport solids over 
quite long distances. They are used mostly for horizontal transport and are also capable 
of moving material at angles up to about 20® above the horizontal. 

For transfer of salt, belts almost exclusively are made of rubber. Other components 
in contact with the salt are stainless steel or resistant plastic. The supporting structure 
and bearings are steel. Rain covers are common. 

There are many different methods for addition of salt to a conveyor. When the salt 
drops from some distance, there are usually a metal skirt plate and a rubber sealing 
mechanism. 

Rubber belts are reinforced with fabric or wire cable in multi-ply construction. They 
are supported by idler bearings, usually arranged to “trough” the belt at an angle of about 
20® to increase its holding capacity and to prevent spills. Idlers are covered with rubber 
or enamel to prevent corrosion and resist the buildup of salt on their surfaces. The drive 
may be at either end of the conveyor. The speed depends on the size of the belt and on the 
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application. In long-distance salt conveying, as from a dock to a storage facility, 100 or 
150 m min“^ is a representative speed. The maximum speed used is about 170 m min“^. 
For belts less than a meter wide, maximum speed is listed as an irregular function of 
width; conceptually, the speed is approximately 35 + 140u;, w being the width of the 
belt in meters. Within process areas, a maximum speed on the order of 75 mmin~^ is 
usually observed. 

The load, the temperature, and even the humidity can affect the length of a belt. 
Some take-up device therefore is necessary to keep the proper tension on the belt. Gravity 
take-ups are sometimes used, especially when a belt is in nearly continuous service. In 
this case, the return belt is diverted over a pulley hanging from a sliding frame. Weights 
suspended from the pulley fix the tension on the belt. 

When salt is to be delivered to a single point, it can simply be allowed to fall 
from the end of the conveyor. In cases where the salt is delivered to more than one 
point, for example to a number of silos or dissolvers, the conveyor must be unloaded at 
intermediate points as well as at the end of the belt. This can be done by arranging the 
supporting idlers to let the belt run flat at the unloading point and installing a baffle or 
scraper at approximately a 45° angle across the belt. This adds to the wear on the belt 
and allows some of the salt to spill before it reaches the scraper. A more expensive but 
more positive approach is to use a belt tripper. This is a mechanism that forces the belt 
to run over another pair of pulleys. The first is at an elevation higher than that of the 
main belt; the second is placed lower than the first and farther back along the direction 
of belt travel. The belt therefore doubles back, spilling the salt, which is collected by a 
chute and delivered to the side of the belt. A tripper consumes power and adds 1.5-2 m 
lift but offers convenience and flexibility of operation. Its movement along the line of 
travel of the belt is through a gear that is operated by belt motion and so from the 
main drive. A tripper mounted on rails can move to serve several hoppers at discrete 
positions or to shift the unloading point for a long storage bin or salt pile back and 
forth. 

The capacity of a belt conveyor is related to its width and its speed. A belt is 
sized on the basis of the volumetric flow that it must handle. Manufacturers’ ratings 
and the methods approved by the Conveying Equipment Manufacturers Association or 
similar authority should always be used for accurate design. For convenience, we also 
present methods for rapid approximation, which are adapted from the data presented 
in Marks' Handbook [36]. For a given load, the width of the belt required can be 
estimated by 




(9) 


where 

w = width of belt, m 
Q = salt flow, m^ hr“ ^ 

S' = speed of belt, m hr“ ^ 

and 


/ - 3.71-1.3ye/S' + 0.6Q/S' 


(10) 
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The power required can be estimated by the equation 

P =0m3[FL'iT+7wS) + TH] (11) 


where 

P = power required, kW 

F = constant (0.05 for standard bearings; 0.03 for antifriction bearings) 

L' = adjusted length, m (add 30.5 m to length of belt between terminal pulleys 
for standard bearings; add 46 m for antifriction bearings) 

T = salt flow, thr“^ 

S = speed of belt, m min“ ^ 

H = vertical lift, m 

Operation of a tripper will add Pj kilowatts to the load, where 

Pi:=aS + bT (12) 

The constants a and b are given approximately by 


a = O.Ollw + 0.0047u;^ 

(13) 

b = 0.023 + 0.0009tu + 0.0012w)^ 

(14) 


7.2.1.3B. Bucket Elevators. Elevators are used when a material is to be lifted without 
significant horizontal travel. The type of most interest in salt transport is the bucket 
elevator, in which a number of buckets are attached to a continuous belt or chain. As 
they travel, the buckets receive their load through a chute or scoop it from a hopper at the 
foot of the elevator. Because of the potential for corrosion of metal drive chains when 
service is intermittent, salt elevators in chlor-alkali plants tend to be belt-driven. 

Elevators are usually classified as continuous discharge or centrifugal discharge. 
Continuous-discharge elevators have closely spaced buckets and operate at relatively 
low speeds. As the buckets pass over the top sprocket, they tip and allow their load to 
tumble out over the preceding bucket and into a discharge chute. Centrifugal-discharge 
elevators operate at higher speeds, and the load is flung out by centrifugal force. More 
space is allowed between buckets. 

Continuous discharge is appropriate for fragile materials and very high capacities. 
Since the salt supply to a chlor-alkali plant has neither of these characteristics, the cheaper 
centrifugal-discharge approach is the norm. It has an operating/maintenance advantage 
because of the lower probability of salt becoming wedged between the bucket and belt. 

Buckets are highly irregular in shape. Still, we can quite easily estimate the amount 
of material carried by a bucket as a function of the top dimensions of the bucket. For 
a wide range of sizes, the effective depth of the solids (volume of solids divided by 
the open area at the top) in one industrial line was found to be 45-50% of the smaller 
dimension at the top of the bucket [37]. 

The spacing between buckets is usually 2^-3 times the bucket width. Speed will 
depend on the sizes of the belt and the buckets; a typical value when handling salt is 
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80mmin“^ Operating capacity is based on the buckets being 2/3-3/4 full. The drive 
power required by a bucket elevator when a feeding device delivers the salt to the buckets 
can be estimated by 


P =0.006 TH 


(15) 


where 

P = delivered power, kW 
T = capacity, ton hr“^ 

H = lift, m 

A feeder should meet the elevator buckets head-on to prevent side forces that might 
make operation unbalanced and less stable. Loading buckets by dragging through the salt 
in the elevator boot requires an allowance for the added force. This must be determined 
empirically or estimated by experience with the specific design being used. A rough, 
usually conservative estimate of the force required is 


Fd = D^W/d 


(16) 


where 

= digging force 
Dp = diameter of boot pulley 
W = weight carried by a bucket 
d = distance between buckets 

This can be reduced if the salt is not lumpy and can be cut in half for continuous 
discharge. 

Buckets usually are made of Type 316 stainless steel or heavy-duty carbon steel. 
Nylon also is used in some small units. Belts will be of fabric-reinforced rubber, and 
there will be provision to adjust the position of this belt and its tension. The unit should 
be totally enclosed, with removable access panels. Desirable features are a jogging 
mechanism on the drive to allow the buckets and belt to be inspected from a single 
position, an automatic stop when the unit becomes jammed, an emergency stop device 
available to the operator at all positions, and prevention of reverse movement when the 
belt stops. 

The discharge chute at the top of an elevator should have a slope of at least 60°. The 
top elevation must be sufficient to allow the salt to drop to its destination at this angle. 
If the salt is delivered by rail in hopper cars, the bottom of the elevator should be in a 
pit deep enough to hold a delivery hopper, usually a feeder, and a short conveyor to the 
elevator boot. A typical depth is 6 or 7 m [38]. 


7.2.1.3C. Screw Conveyors. Salt can also be moved by screw conveyors. These are very 
compact units that require little headroom and no return mechanism. Screws provide 
some mixing action, which is useful in some phases of salt processing. Since the torque 
developed on the shaft limits the length of a screw, they are used mostly for short-distance 
conveying in the vicinity of processing equipment. Internal bearings allow the use of 
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longer units, but this is not a recommended practice when handling salt. Multiple units 
are preferred. 

Allowable torque also limits screws to a maximum of 500-600 mm in diameter. 
Screw conveyors are used for nearly horizontal transport. While they are able to lift 
solids at an angle, the particles begin to fall back along the flights of the screw, and 
efficiency drops off rapidly as the slope increases. At an inclination of 15-20°, the 
capacity of a screw can be cut by 50%. Specially designed units can operate vertically. 
These can replace short elevators in small plants. 

The ability of screw conveyors to handle lumps is limited. When a small unit is 
specified for service with a very lumpy salt, this aspect should be checked. Screws 
also are not self-cleaning, and those in intermittent service require frequent washing 
to remove any buildup of salt and contaminants such as rust. “Horizontal” conveyors 
should actually have a slight pitch and a drain plug at the lower end, in order to allow 
washing. 

The simplest arrangement and easiest duty for a screw conveyor is a direct, metered 
feed at one end of the screw. When the screw is used to initiate flow along a line rather 
than from a point, as for instance at the bottom of a wide bin, the pitch of the screw 
should be varied within the feed zone, becoming wider as it progresses in the direction 
of flow. With tall bins, side inlets to the conveyor have the advantage of not putting all 
the weight of the salt in the bin directly onto the feed zone of the screw. 

The screw will be helicoidal and will be enclosed in a covered U-shaped trough. 
Both screw and trough are usually of stainless steel or heavy-duty carbon steel. In wet salt 
service. Monel is preferred. Rotational rates are modest. Large screw conveyors in salt 
service will rotate at less than 50rpm; small units (<200 mm) may approach lOOrpm. 
The conveying capacity of a screw depends on its size and its rate of rotation: 

e = 13 ND^ (17) 


where 

Q = volumetric flow rate, m^ hr“^ 

N = rotational speed, rpm 
D = diameter of screw, m 

The constant in Eq. (17) corresponds to the operation with about 28% of the cross- 
section being full. This is slightly conservative, a typical estimate being 31%. The power 
required is given by 


P = 0.0033rL 


(18) 


where 

P = power required, kW 
T = salt flow, tons hr“^ 

L = length of screw, m 


Example, We base our design on moving an average of 1,500 tpd of salt. To allow 
for car movements and discontinuous deliveries, we assume a conveying time of only 
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12 hr a day. The instantaneous design capacity is then 125 tph or 116 hr~^ Since our 
basis assumes 100-ton hopper cars, we assume two unloading points for each car, each 
dropping salt into a below-grade bifurcated hopper. Each spot should unload 62.5 tph, 
but we allow for uneven delivery and the occasional failure by designing each branch 
for 80 tph, or 74 m^ hr“^ From each hopper, we feed a bucket elevator by way of two 
screw conveyors. 

We calculate the required diameter of the screw conveyors by Eq. (17). Using a 
rotational speed of 40rpm, 

= 37/13/40 = 0.0712 D = 0.414, say 0.45 or 0.5 m. 

The power requirement to move the salt 10 m comes from Eq. (18): 

P = 0.0033 X 40 X 10 = 1.5 kW for each of four screws 

The recommended maximum speed for a screw of this size is about 45-50 rpm, so 40 rpm 
is acceptable. The power requirement is modest. The screws can be installed at a slight 
upward angle if desired, and the drive requirements can be estimated at lOkW. 

The elevators lift the salt from a pit to the main conveyor belt. We assume that the 
belt runs about 2 m above grade, where it can be observed from a low walkway. We 
take the feed point for the elevators to be 6 m below grade. Allowing approximately 3 m 
between the elevator and conveyor, the top of the transfer chute must be 5 m above the 
delivery point in order to provide a 60"^ angle. One meter should be a sufficient allowance 
for the connections. The design lift therefore is 14 m. From Eq. (15), we obtain for each 
elevator 


P = 0.006 TH = 0.006 x 80 x 14 = 6.72 kW 

The digging force for any of the likely models is only a few kilograms, adding a fraction 
of a kilowatt to the load. The total required by each elevator is therefore about 8 kW, and 
so we provide drives rated for at least 10-15 kW. 

We operate the belt conveyor at 75 m min” ^, or 4,500 m hr” ^. The required width, 
using Eqs. (9) and (10), is 

u; = /V116/4500 = 0.16/ 

/ = 3.71-1.3(0.16) + 0.6(0.026) = 3.52 

The required width is about 0.565 m; we shall use 0.6. The recommended maximum 
speed is about 120 m min”^ well above our 75. We arbitrarily take the length of the belt 
conveyor to be 300 m. It could be quite different in a real plant. We assume, equally 
arbitrarily, that the conveyor must lift the salt 5 m. Then, with antifriction bearings, we 
have from Eq. (11) 

P = 0.003[0.03(L + 46)(r + IwS) + TH] 

= 0.003[0.03(346)(125 + 315) + 125(5)] = 15.6 kW 
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This delivers the salt to the vicinity of the storage pile. Another elevator and more 
conveyors are necessary, but it would not be instructive to continue this example. It 
might be worthwhile to include the calculation of the power required by a tripper. With 
salt stored in a windrow, a tripper could profitably be used with a longitudinal belt 
conveyor. With the same 0.6 m belt width, the constants of Eqs. (13) and (14) are 

a = 0.012(0.6) + 0.0047(0.36) = 0.0089 
b = 0.023 + 0.0009(0.6) -h 0.0012(0,36) = 0.024 

The power required, by Eq. (12), is 

FT = aS-\-bT = 0.0089(75) + 0.024(125) = 3.7 kW 

The total conveyor power requirement is then 15.6 + 3.7 = 19.3 kW. A 25-kW drive 
might be appropriate if it meets the requirements of the next subsection. 


7.2.1.3D. Conveyor Drive Systems. As the example above shows, salt conveying 
devices are not large power consumers, and drive requirements are modest from that 
standpoint. They also are not high-speed devices, and some kind of speed reduc¬ 
tion is always present. Motors and speed reducers must be protected from damage 
when conveyors jam or become overloaded. Elevators and positively inclined conveyors 
must be protected from reversal when drives stop. The nature of the starting load is 
a special consideration. Conveyors must at times be started when loaded with mater¬ 
ial. At least the larger units, such as high-capacity belts and elevators, should have 
motors with high starting torques. Double-squirrel-cage motors generally have favorable 
characteristics. 

While motors themselves conventionally have overload protection, one must also 
consider the possibility of damage to the conveyor by inertia of the rotating motor. Shear 
pins uncoupling the drive from the member can prevent this. 

Finally, the size or at least the orientation of a conveyor may require operators to be in 
the vicinity of the conveyor but far from the drive and its controls. Emergency trip devices 
should be provided wherever this presents a hazardous situation. Since most conveying 
systems have multiple members, a trip of any one member should automatically shut 
down others, at least on the upstream side. 


7.2.1.3E. Feeders. Conveyors work best with even, continuous feed. Sait is not simply 
dropped to a conveyor but is collected into a hopper and then delivered to the conveyor 
by a feeder. Also, when salt must be fed at a regulated or uniform rate over a short 
distance, a feeder may be used. Screw conveyors sometimes serve as feeders; otherwise 
a specialized device is chosen. One type is the reciprocating plate feeder, mounted on 
wheels and driven by an eccentrically mounted rod. Speeds of 60-70 strokes per minute 
are common. The salt moves forward with the plate, but at each retraction a certain 
amount falls from the end of the plate into a delivery chute. Electrically vibrated feeders 
are also used. These usually slope down at slight angles, typically 6-10°. Since the 
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slope is less than the angle of repose of the salt, vibration is necessary to move the 
load along. The range of frequencies is from 15 to 30 Hz, and the higher frequencies 
correspond to more gradual slopes. Higher capacities usually are associated with lower 
frequencies and higher amplitudes of vibration. The connection between the storage 
hopper and the feeder is enclosed to prevent dusting and loss of salt, A flexible rubber 
section 80-100 mm long helps to isolate the hopper from the vibrations. 

Even the reciprocating-plate feeder, because of its rapid oscillation, is essentially 
a constant-feed device. Other types are intermittent. The gate-swing feeder and the 
undercut-gate feeder can have strokes timed, for example, to meet the buckets of an 
elevator. 


7.2.1.3F. Pneumatic Conveying. Salt can also be conveyed pneumatically. This is asso¬ 
ciated most frequently with truck deliveries. A truck that carries its own blower can 
be brought close to the receiving vessel. The method is most easily adaptable to small 
plants, and the relatively high power consumption of a pneumatic system is less of a 
disadvantage in that situation. When there is no easy truck access to the process area, it 
is better to locate the salt receiver in a convenient spot and produce brine close to the 
delivery spot than to attempt to convey solid salt over a long distance. This remark may 
well be extended to large plants and to other modes of delivery and conveying. 


7.2.1.3G. Slurry Transfer. Slurry transfer, in which salt can be dumped from a truck or 
hopper car into a pit where a brine carrier picks it up, is another option. Losses of salt 
are very small, and so this method is especially suited to the more expensive materials. 
The brine circulates by overflowing a wet salt storage tank into a fabricated or lined pit 
below the unloading spot. It picks up salt as it discharges, and the mixture returns to 
the storage tank through a slurry pump. Some of the circulating brine can be sent to the 
transport container to help along the flow of salt. Figure 7.16 is a simple flowsheet of 
this operation. 


Slurry Clear Brine 



FIGURE 7.16. Slurry transfer of salt in hopper-car unloading. 
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The circulating pump should be designed for slurry service. Horizontal centrifugal 
pumps are best, with straight suction connections and, in the case of fine salts, open 
impellers. With rock salts, closed or semi-open impellers may be suitable. The pump 
seal must be flushed with clear water. Pipeline design should follow good practice for 
slurry service, with straight runs and gradual bends. Velocities of at least 3 m s“^ may be 
necessary to prevent settling of coarse salts. With evaporated salts, it may be possible to 
drop the velocity down close to 2 m s“^. Slurry concentrations may be as high as 25-30% 
(w/w) solids. As in all wet-storage systems, addition of a new lot of salt will displace 
brine and can cause an overflow. There must be provisions to handle this overflow, either 
in a surge tank or by transferring it to the process. 


7.2.2. Salt Dissolving 

In this section, we consider the dissolving of NaCl and KCl to produce solutions for 
the production of chlorine and the corresponding alkali. These solutions are referred to 
as “brines.” The emphasis will be on in-plant dissolving in static beds of salt, usually 
confined in vessels known as “dissolvers,” but there will also be a short discussion 
of underground dissolving, or “solution mining.” Salt may be dissolved with water to 
produce new brine, or with dilute brine to bring its concentration back to saturation. In 
the latter case, the dissolver may be referred to as a “saturator” or a “resaturator.” The 
liquid traffic in the vessel increases, but the operation is the same. 

Many processes in many different industries use salt in quantities much smaller than 
those used in chlor-alkali manufacture. Proprietary systems are available for dissolving 
salt in these applications and for producing brine for prewetting highway salt, but they 
are not considered here. 


7.2.2.7. Process Basics, NaCl dissolving is a slightly endothermic process. The solu¬ 
bility increases only slowly with temperature, as shown in Fig. 7.17. Saturated solutions, 
furthermore, have concentrations slightly greater than those specified for the brine to be 
fed to a cell. These are desirable characteristics. Only saturated brine need be produced 
in dissolvers; there is no need to complicate the equipment or the operation with con¬ 
centration control. Solution strength will not vary greatly with the temperature of the 
dissolving process, uncontrolled drops in temperature will not produce massive precip¬ 
itation, and what precipitation occurs will be exothermic and somewhat self-correcting. 
Kaufmann [39] points out that NaCl is dissolved on a larger scale than any other heavy 
chemical and lists other desirable properties: 

1. moderate to low solubility (physical properties of NaCl solutions are similar 
to those of water; normally only the specific gravity of 1.2 demands special 
attention in design); 

2. lack of toxicity; 

3. nonflammability; 

4. general harmlessness when exposed to the body; 

5. low degree of corrosiveness (dilute solutions are the most corrosive, with a 
maximum at about 3% NaCl; concentrated brines may be less corrosive than 
many grades of water); 
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6. nearly constant volumetric concentration over a range of temperature; 

7. low caking tendency when stored under saturated brine. 

Expanding on point #6, the volumetric concentration of NaCl, over the entire range of 
existence of saturated liquid brine, has a range of only about 4% (relative). The minimum, 
at about 20°C, is 317 gpl. At the boiling point, the concentration reaches its maximum of 
330 gpl. In the temperature range common to brine systems, the range of concentrations 
is less than 1%. KCl is generally more soluble than NaCl, and its solubility is much 
more dependent on temperature (Figs. 7.12 and 7.18). Concentration control is more 



Temperature, °C 

FIGURE 7.17. Effect of temperature on solubility of NaCl in water. 



FIGURE 7.18. Effect of temperature on solubility of KCl in water. 
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of an issue, and saturated solutions are more likely to deposit solids at low-temperature 
spots. With either salt, heating the saturated solution or bypassing some of the dissolving 
medium around the salt dissolver so that the solution to be handled is unsaturated provides 
some processing safety. Heating the brine gives a more concentrated solution and perhaps 
more stable control. Its disadvantages are its energy consumption and the need for more 
apparatus. 


7.2.2.2. Standard Dissolving Apparatus. Dissolvers are usually classified according to 
the direction of flow of the brine. In an upflow dissolver, water or dilute brine is intro¬ 
duced through a distributor, such as a sparger pipe, into the bottom of a vessel that 
contains a bed of salt. The solution becomes saturated as it rises. The saturated brine 
then leaves through an overflow device and is ready for further processing. In a down¬ 
flow dissolver, the direction of flow is the reverse. Some dissolvers use a combination 
of upflow and downflow, in which the brine is forced to flow in different directions in 
different parts of the dissolver. Partly because of the presence of insolubles in the salt and 
the need for occasional shutdown to remove sludge, many plants operate with multiple 
saturators. 

The salt itself is broadly classified as coarse or fine; the dividing line is at a particle 
size of about 2 mm. Uncaked coarse salt flows freely. It stands or flows on its angle 
of repose and can automatically be fed into a dissolver by gravity as the lower part of 
a bed dissolves. Fine salt, unless exceptionally dry, tends to cake and form arches in 
storage hoppers. It is often fed into a dissolver in batches and stored under a cover of 
saturated brine. “Fine” salts include vacuum salt, evaporator salt, fine crystal rock salt, 
and most KCl. 

It is nearly impossible to produce perfectly clear brine in an upflow dissolver. As 
salt dissolves, the overlying mass shifts downward in an irregular manner. The rising 
brine tends to develop channels through the bed, and the undissolved salt is not able to 
act as a filter. Another problem is the accumulation and overflow of scum containing 
foreign matter. Dissolved gases become less soluble as the salt concentration increases, 
and as these gases rise, they carry suspended matter with them by flotation. 

Turbidity in the saturated brine is less of a problem in chlor-alkali production than 
in many other applications, because of the purification process following the dissolver. 
Large-scale upflow dissolving therefore is a common practice in the chlor-alkali industry. 
Nevertheless, turbidity is not a welcome development. Some of the particulate matter is 
calcium sulfate, usually the major impurity in rock salt. It will increase the concentration 
of sulfate ion in the treated brine, and since it is more soluble than calcium carbonate, 
it will add to the consumption of carbonate in the treatment process (Section 7.5.2. IB). 
The sulfate ion thus released becomes a problem in itself (Section 7.5.7). 

The superficial velocity of the dissolving fluid at the bottom of an upflow dis¬ 
solver is typically about 2.5 mhr~^ (say, 2-4). The depth of the salt bed usually is kept 
above 1.5 m. The feed brine or water enters a sparger-pipe arrangement through one or 
more peripheral connections. Proper design of the sparger is necessary for good flow 
distribution. 

With fine salts of high purity, there is less carryover of insoluble impurities and 
a much slower buildup of undissolved matter in the dissolver itself. Cleanouts become 



512 


CHAPTER 7 


much less frequent, and upflow dissolvers are especially suitable in this case. Flow rates 
still are limited by carryover of fine particles and by the tendency to produce fissures 
and channels, which lead to undersaturation. 

In downflow dissolvers, the brine flows through a stable bed of salt. The salt at the 
bottom of the vessel is exposed only to nearly saturated brine and does not dissolve or 
dissolves very slowly. So long as a certain height of salt remains in the vessel, therefore, 
it serves as a filter. The turbidity that characterizes upflow dissolvers is not present. 
Downflow dissolvers have been used for many years to dissolve salts that are finer than 
10 or 12 mesh [23]. Purified vacuum salt is an example of a fine salt. Some fine rock 
salt has similar characteristics. These salts do not have stable angles of repose when 
covered with brine but rather tend to flow with any disturbance. Preventing the salt from 
flowing with the saturated brine requires the use of a porous support medium, which 
usually is gravel. This also provides some filtering capacity. With typical rock and solar 
salts, the gravel itself would be a nuisance, and various other designs have been tried 
but have not penetrated the chlor-alkali market to any great extent. Major deficiencies of 
some designs are the need for batchwise feed of salt and the accumulation of insolubles 
in the dissolver. 

Mixed-flow dissolvers are an attempt to combine the advantages of upflow and 
downflow. Upflow-downflow dissolvers were conceived in order to add a filtration zone 
for the brine produced in an upflow mode. Problems arise when suspended solids accu¬ 
mulate on the filter salt and impede the flow of brine. This mode is not often found 
in the chlor-alkali industry. Downflow-upflow dissolvers, on the other hand, are rather 
commonly used. A familiar example in the industry is the highly successful Lixator™. 
The term, devised from “lixiviate,” is a trademark of Cargill Salt Company. The Oxford 
Universal Dictionary defines lixiviation as “the action or process of separating a sol¬ 
uble from an insoluble substance by the percolation of water.” The basic apparatus 
(Fig. 7.19) consists of a cylindrical body above a conical section with a false bottom. 
Water or depleted brine is fed through a spray or distributor into the bed and flows to 
the bottom of the vessel. At the bottom is an opening in the false bottom that allows 
the brine to flow into the annulus between the two shells and then up to an overflow 
point. 

Another example of salt’s favorable behavior, noted in point #7 of Section 7.2.2.1, 
is its ability to be stored under saturated brine. Many chlor-alkali plants take advantage of 
this fact. A large storage tank fitted with spargers then becomes an upflow dissolver. This 
is an especially useful technique in a diaphragm-cell plant. The salt recovered from the 
evaporators returns to the brine plant as a slurry. It is simply fed into a salt storage tank 
and dissolved as required by the cells. The salt storage tank becomes a buffer that allows 
smooth operation of the brine plant and electrolyzers while the evaporators are shut 
down or undergoing boilout (Section 9.3.3.3A). An incidental advantage of wet storage 
is the efficient utilization of space. First, the angle of repose of the salt disappears and 
the storage space becomes a cylinder rather than a shallow cone with its wasted space. 
In addition, filling the interstices of the mass of salt with saturated brine increases the 
NaCl-holding capacity by another 15% or so. 

While wet storage has operational advantages, it imposes extra loads on the con¬ 
fining vessel. The mass is heavier because of the interstitial brine, and the fluidity of the 
contents adds a horizontal thrust on the walls. Also, when the vessel is used to accumulate 



BRINE PREPARATION AND TREATMENT 


513 


Discharge 



FIGURE 7.19. Downflow-upflow salt dissolver. (With permission of Cargill Salt Company.) 


salt during a shutdown of the cells or brine-processing system, there may be a liquid 
overflow to accommodate. 


7,2.23. Miscellaneous Dissolving Techniques. The best way to simplify dissolving 
apparatus is to eliminate it from the process. When large quantities of salt are stored 
in outdoor piles, water is often simply sprayed onto a pile to dissolve the salt. This 
leads to very uneven results, including uncontrolled dissolving by rainwater. Impurities 
can collect at the surface and partly dissolved fines in the interstices between coarser 
particles, forming an impervious layer. The results are the formation of channels and 
the production of unsaturated brine. The spray density over a large pile will be uneven. 
Localized dissolving will cause collapsing and avalanches in the pile. This method can 
not be recommended on its technical merits. 

A variation on the above is a below-grade pit. This approach is sometimes used on 
smaller scale, and it is somewhat superior to salt-pile dissolving. The dissolving fluid can 
be introduced through spargers beneath the surface of the salt. A pit is also adaptable to 
wet-salt storage and then is less subject to some of the operating problems listed above. 

Figure 7.20 shows an example of a pit dissolver. One of the two compartments can 
receive salt directly from the hopper car shown as the mode of delivery while the other 
compartment is in service as a dissolver. This drawing is part of a standardized design 
for capacities lower than most chlor-alkali plants require, but the basic features will be 
obvious. 
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FIGURE 7.20. Typical pit dissolver. (With permission of Cargill Salt Company.) 


The temperature of the saturated brine is variable when salt is dissolved outdoors. 
When depleted brine at the process temperature is part of the fluid used to dissolve the 
salt, heat loss can be a serious matter, upsetting the balance in the brine process. A steam 
plume from the dissolving area can be a hazard as well as a nuisance. 

Conservation of heat becomes more important as the operating temperature 
increases. Operators of hot brine processes may use fluidized salt resaturators in which 
an internal cone holds a recirculating salt slurry. Fresh undersaturated brine enters the 
cone, and saturated brine overflows to the bottom section of the vessel for removal. The 
supply of salt is replenished by addition of fresh slurry near the circulating pump. 

Another method is to dissolve salt in its shipping container. This is more common 
in KCl service. The salt is shipped in specially designed sparger cars. As the name 
suggests, these are equipped with internal spargers to which the operator connects a 
source of dissolving fluid. Section 7.1.6 pointed out that KCl as supplied to the chlor- 
alkali producer is already quite pure. Insolubles are less a problem than they are with 
NaCl. As a car empties, the concentration of the brine being produced can decrease, 
especially if there is no recycle. This effect must be considered in the design of the 
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system. It is not a factor in the more frequent case in which salt is removed from a 
sparger car as a slurry (Section 7.2.1.3G). 

Finally, salt can be dissolved in agitated tanks. This practice is restricted to batch and 
small-scale processing, mostly by occasional users. It is difficult to apply the vigorous 
agitation necessary for efficient dissolving without promoting bypassing of undissolved 
salt. High-efficiency impellers should be used, with moderate speeds but with diameters 
equal to one third or one half of the tank diameters. Energy consumption will be at least 
10 times as great as in one of the associated brine treatment tanks. 


7.2.2.4. Solution Mining 

7.2.2.4A. Dissolving of Salt. Soluble substances can be recovered from underground 
deposits by the technique of solution mining, which is widely used with both NaCl and 
KCl ores. Figure 7.21 shows a typical arrangement [40]. This is not different in principle 
from the approach used in oilfield drilling. After driving an outer ring to some depth, 
drillers sink a casing into the top of the deposit. The annulus is sealed with cement to 
establish a seal. After further drilling, a central pipe, whose length is adjustable but 
always greater than that of the casing, is dropped through the middle of the casing. This 
arrangement immediately suggests two different possible modes of operation. Water 
pumped into the well through the casing or the pipe dissolves salt from the deposit, 
and the pressure forces the resulting brine up the other channel and to the surface. In 
the method recommended by Deutsch [41], water enters the well through the casing. 
Convection of the heavier solution toward the bottom helps to increase the strength of 
the solution produced. 

Solution mining is more effective with salt domes than with stratified deposits, 
and Fig. 7.21 is drawn for a domal deposit. It is the favored process for extraction of 
NaCl from domes, and it is also widely used with deep-lying strata, where the cost of 


Water Brine 



FIGURE 7.21. Solution mining from salt dome. (After Liederbach [40].) 
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conventional mining can be very high. The cost of a unit of NaCl as solution-mined brine 
from a salt dome has been estimated to be less than half that of a unit of dry-mined salt 
[42]. This cost advantage offers a substantial benefit to a plant able to use a brine feed, 
and so it favors diaphragm-cell operation. Because of this fact and the prevalence of 
salt domes around the Gulf of Mexico, much of the United States’ chlor-alkali capacity 
historically has been in diaphragm-cell plants on the Gulf Coast and has been particularly 
resistant to penetration by membrane-cell technology. 

The productivity of a well depends on the surface of salt available to the injected 
water. Productivity in a new well is very low, but as the cavity grows it increases to the 
design rate. In opening a new field, it takes some time to reach full production. This 
is an important consideration in the startup of a new brine/chlor-alkali complex. The 
rate of solution of salt increases when the flow of dissolving fluid is turbulent, but this 
improvement in rate may be offset by a decrease in the concentration of salt in the finished 
brine. When a new well is brought on line in an operating field, weak startup brine can 
go to a mature well for saturation, and startup is more efficient. 

In salt domes, brine wells can become very large. Diameters of the cavities can be 
more than 100 m, and depths of some wells exceed a kilometer. Such a volume of salt 
would be enough to operate our reference plant for more than 30 years. Wells, when 
fully grown, are separated by thick walls of salt to provide structural integrity. 

It has already been mentioned that stratified salt deposits are less amenable than 
domes to solution mining. This will beeome obvious from a consideration of the geometry 
of a stratum. Many strata are less than 20 m thick and perhaps less than ten. At the same 
time, they may be quite large in at least one other dimension and probably are not quite 
horizontal. With water and brine pipes sunk from adjacent surface locations, a cavity 
will not grow very large before bypassing becomes a serious problem. With stratified 
deposits, a group of wells is sunk and operated in parallel as a “field,” Water feed pipes 
and brine pipes are some distance apart, as shown in Fig. 7.22. This forces flow in the 
long direction(s) of the salt stratum. 



FIGURE 7.22. Solution mining from stratified deposit. (After Liederbach [40].) 
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Many salt deposits contain sulfides and hydrocarbon inclusions. When brine rises 
from the mine to the surface, noxious or hazairdous gases can evolve in the pipeline 
or at the surface as the pressure decreases. These must be separated and disposed of 
safely. When temperatures in the mine are higher than those at the surface, dissolved salt 
may drop from solution. Process design should recognize the possibility of precipitation 
and accumulation of solids. In this connection, the pressure at the bottom of the well 
also increases the solubility of other compounds. Frear and Johnston [43] and Brandani 
et al. [44] have shown that the solubility of calcium species increases when the partial 
pressure of CO 2 increases. A final consideration is on rates of solution. The very long 
residence time in a brine well allows more of the slower-dissolving materials to enter 
the brine, which is generally of lower quality than brine prepared at the plant from the 
same salt. 

Removal of salt creates the possibility of cave-ins and surface subsidence. Limited 
cave-ins are a fact of life in solution mining of bed deposits. The narrow deposit of salt is 
quickly exhausted at some points, and overlying layers of rock or anhydrite may be less 
stable and collapse to the floor. The rubble eventually destroys the piping or shuts off 
flow and causes abandonment of that section of the field. There have also been instances 
of surface subsidence. With dome deposits, there has been no subsidence over cavities 
generated by industry-approved techniques [15]. 

Adding salt to water until it is saturated increases the liquid volume by more than 
10%, In solution mining, this expansion very closely matches the volume lost to expan¬ 
sion of the cavern as the salt dissolves. Volumetric flows into and out of a well therefore 
are nearly equal. In New York State in 1997, for example, 2.26 billion gallons of fresh 
water were injected and 2,25 billion gallons of brine were withdrawn [45]. 


7.2,2.4B. Formation of Caverns. The oldest technique in solution mining of salt is to add 
water through the annulus between the pipe and casing and withdraw brine through the 
central pipe. Convection of the denser brine toward the bottom of the well helps speed the 
process. However, salt dissolves much more quickly in water than in concentrated brine, 
and the result is a cavity much wider at the top than at lower levels. This is an unstable 
configuration, and some of the overburden frequently collapses. Alternative methods 
include bottom injection and padding of the surface of the brine. Padding, which may 
rely on air pressure or on a floating layer of an immiscible fluid (e.g., a hydrocarbon), 
prevents contact of the fresh water with the salt above the pad and allows the operator 
more control over the shape of the cavity as it develops. 

Another result of uncontrolled addition of fresh water at the top of a deposit is 
poor utilization of the available salt. The abundance of salt referred to in Section 7.1.1 
encouraged such wasteful practice. Closer regulation of the industry and the growing 
use of salt caverns for storage increased interest in regulating the shape of caverns. The 
measures taken improve the efficiency of operation as well as the recovery of salt from 
the deposit. For example, Kublanov [46], in a review of 40 years of practice in the 
Russian salt industry, showed how techniques have evolved from downflow dissolving 
to convective blending. The older method was carried out in steps at increasing depths. 
In the newer technique, water is added to the middle of the cavity and brine withdrawn 
from the bottom. The old practices resulted in development times of 1 to 2 years for 
new wells, rather low production rates, frequent cave-ins and breakage of columns, and 
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excessive consumption of the hydrocarbon oil used to seal the top of a chamber. The 
same practices were applied to all wells, regardless of location or the type and char¬ 
acteristics of a deposit. Now, development time and hydrocarbon consumption are less 
than half the old values, production rates are up 30-50%, and well accidents have nearly 
disappeared. 

Different procedures apply to different types of deposit [47]. In the relatively thin 
layered deposits, two or more wells are drilled at no great distance apart. Mixing air 
with water when operation starts allows a pad to develop above the solution as it forms. 
This limits the upward expansion of the cavern and forces it laterally. Before long, the 
wells are in communication with each other. The mode of operation then changes, with 
water sent down one well and brine withdrawn from another. Mining begins near the 
planned bottom of the cavern. When the cavity reaches its planned horizontal dimen¬ 
sions, operation shifts to a higher level. This continues until the cavern reaches its final 
height. 

In a domed deposit, wells more often operate singly. Sinking three concentric pipes 
instead of two allows the use of one annulus for the injection of oil. This forms a seal 
between the brine and the top of the cavity and prevents excessive dissolution of salt 
there. When the well is taken out of service, the intact structure is stronger and more 
stable. This fact helps to prevent surface subsidence. 


7.2.2.4C. Use of Caverns for Storage and Waste Disposal. The use of caverns formed 
by dissolving salt for storage and waste disposal is a relatively new development in the 
long history of salt mining. The impermeability of salt deposits makes them attractive 
in this service. The first applications were in Canada in the 1940s [48]. Hydrocarbons 
were the first materials stored, branching out from liquefied petroleum gas to crude oil 
and natural gas. Thoms and Gehle [49] have summarized the history of the various uses 
of salt caverns through the year 2000. Non-hydrocarbon storage applications include 
compressed air, which supplies power for peak-demand shaving. Figure 7.23 shows a 
storage well containing a light liquid, such as a hydrocarbon. The method of operation 
is obvious from the drawing. Brine serves as a liquid piston; it can be injected to force 
the light liquid out of storage. Conversely, when more product is pumped into storage, 
brine is displaced and can be used or held in inventory for later withdrawal of the stored 
product. 

Wells are also used for waste disposal. Naturally enough, the first applications 
were in salt-based industries like chlor-alkali and soda ash production. Salt caverns are 
also frequently used for disposal of oil field wastes but seldom used for toxic materials. 
LaGess [50] cited an early example of the disposal of brine treatment sludge in salt wells. 
The sludge issued as underflow from the brine clarifier (Section 7.5.3) and contained 
5-10% solids, primarily CaCOs. It was diluted before disposal in the well. Excess 
treating chemicals in the sludge tended to precipitate hardness from the added water. 
Addition of a hold tank to allow growth on the existing particles relieved the problem 
of deposition in the transfer pipeline. Some of the advantages of a well as a place for 
disposal cited by LaGess were its definite boundaries and its lack of communication with 
any other space (except perhaps for a communicating well). As for lack of environmental 
impact, the calcium returns to its source (as the even less soluble carbonate rather than 
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FIGURE 7.23. Use of salt cavern as a storage chamber. 


sulfate), where there already is a mass of anhydrite debris. In this particular example, 
one solids-storage well held the residue from 15-20 brine-producing wells. 


7.2.23. Selective Dissolving. Brine quality improves if NaCl can be dissolved select¬ 
ively, leaving some of the impurities behind. Selective dissolving techniques usually are 
aimed at partial rejection of calcium sulfate, the major impurity in salt. These techniques 
can be divided into three categories: 

1. control of the dissolving process 

2. use of minor additives that prevent dissolution of the sulfate 

3. common-ion effects 


7.2.2.5 A. Control of the Dissolving Process. The amount of sulfate that dissolves along 
with the salt depends on equilibrium and kinetics. The equilibrium solubility of sulfate 
is reduced at high pH and, when present as anhydrite, at high temperature, but these 
effects are not great enough to override other process considerations. There is more to 
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FIGURE 7.24. Rate of solution of anhydrite from rock salt. 


be gained by exploiting the kinetics of the process. Calcium sulfate, at least in the form 
of anhydrite, dissolves much more slowly than NaCl. By controlling the contact time of 
the salt with the dissolving brine, it is possible to dissolve substantially all the chloride 
and reject most of the sulfate [51]. Figure 7.24 shows the slow increase of sulfate content 
when dissolving a rock salt. Many plants therefore use short-contact dissolvers [52] to 
obtain this effect. Under ideal conditions, a “rapid dissolver” is said to be able to reject 
80-90% of the sulfate. Sutter [53] estimates the practical rejection at about 70% and 
recommends a contact time of about 4 min. Liederbach [40] confirms this rejection rate 
but recommends a contact time of 6 min. The short-contact dissolver in any event is 
much smaller than the conventional upfiow dissolver is, but its cross-sectional area still 
must be large enough to prevent fluidization of the salt. 

The short-contact dissolver continuously removes insolubles from the apparatus. 
This is a necessary part of the design of this type, but not an inherent advantage. It is 
also an option with many other designs. Disadvantages of the short-contact dissolver 
include the increased turbidity of the brine, especially if the dissolver is not followed 
by a settling chamber, and the small inventory of salt in the dissolving zone. The latter 
means that more storage volume must be supplied elsewhere and that feeding salt to the 
dissolver, with some designs, may become a continuous metered operation. The rate of 
salt feed then must be closely matched to the rate of consumption, or the surge capacity 
of the dissolver will soon be exhausted. Space permitting, automatic gravity feed of salt 
from a hopper into the dissolver can relieve these problems. 

Figure 7.25 shows a typical short-contact dissolver. The conical bottom aids 
the removal of undissolved matter; 60° is a typical bottom angle. Water or depleted 
brine enters through a perforated-pipe distributor. Superficial upward velocity of the 
brine usually is 10-20mhr“^ Saturated brine may overflow the entire periphery or 
may leave through holes in the wall of the dissolving chamber. With the small dimen¬ 
sions of these dissolvers, velocities are much higher than in conventional large-diameter 
dissolvers. Some entrainment of fines is inevitable. The brine overflow usually goes 
to a decanter of larger diameter. Sometimes a center well is used to direct the brine 
downward and force it to make a 180° turn in order to leave the decanter. The cyl¬ 
indrical bottom leg shown in the illustration allows washing of the sludge with a small 
amount of water in order to reduce the amount of NaCl-saturated brine carried out with 
the solids. 
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FIGURE 7.25. Short-contact dissolver. 


Salt enters the top of the vessel, usually from a feeder. A coarse screen protects the 
dissolver from large foreign objects. A grating with large openings, covered by a woven 
screen, supports the salt bed. When the residues of dissolving particles become small 
enough, they drop through the screen and into the sludge chamber. The height of the bed 
is determined by the choices of brine velocity and contact time. Most frequently, it is in 
the range of 1-3 m. 

Construction is of rubber-lined steel or other standard materials for the brine process. 
The small size of the dissolver often makes FRP (reinforced with PVC or CP VC) a good 
choice for the vessel, and the same resins can be used for internal piping. The salt¬ 
supporting grid can be carbon steel, but the thin screen should be of a more resistant 
material such as Monel. 

The best pH for dissolving salt, all things considered, is in the range 7-9. In many 
systems, the stability of pH control is more important than the exact value. If there is 
continual fluctuation in pH, certain impurities will dissolve more freely at a particular 
pH and then precipitate in downstream equipment during the opposite part of the pH 
cycle. There are published warnings against developing too high a pH when neutralizing 
dechlorinated brine for recycle. Similarly, it is said, soluble magnesium species become 
insoluble when mixed with the alkaline brine. This effect is self-limiting. Alkalinity in 
the brine fed to a dissolver would act first to suppress the dissolution of magnesium 
compounds. Even if all the alkalinity in membrane-cell depleted brine at pH 11 caused 
Mg(OH )2 precipitation after the dissolver, the result would be a brine stream with less 
than 10 ppm suspended solids. This is quite similar to brine clarifier overflow. These 
statements are meant to put this matter in perspective. They do not suggest that the pH 
of recycled brine be ignored. 


7.2.2.5B. Use of Solubility Inhibitors. The dissolution of sulfate can be inhibited by 
addition of small quantities of certain chemicals to the dissolving water or brine. Hexa- 
metaphosphates were an early candidate for this application [54]. They function by 
forming insoluble coatings on the surfaces of particles of calcium sulfate and preventing 
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them from reaching equilibrium with the brine. In effect, they retard the dissolution of 
calcium. The phosphates have largely been supplanted by proprietary anionic surfactants 
based on alkyl benzene sulfonates (ABS). One such is marketed under the trade name 
SSI-200 [55]. The same product is marketed in Europe as ASR (anhydrite solubility 
reduction) [56]. Dosage levels are 3-30 mgL“^ in the brine. The action depends on the 
sulfate being present as discrete particles and is enhanced if it is present as anhydrite 
rather than the hydrated and more easily soluble gypsum. Because of this, solubility 
inhibitors have been more successful with rock salts and are not recommended for use 
with solar salts. They can be used in a plant’s salt dissolver or in caverns in solution 
mining. Specialized producers of brine practice the latter application on a large scale in 
the United States. 

When the ABS type of inhibitor is used in solution mining operations in salt domes, 
the recommended concentration is usually about 12 ppm in the dissolving water. The 
material is supplied as a viscous oil and is best used without intermediate dilution. It con¬ 
tains free mineral acid and is correspondingly corrosive and hazardous. The remaining 
excess concentration in the treated brine is very low. While these inhibitors themselves 
are sources of sulfate in the treated brine, they are present in negligible concentrations. 

SSI-2{)0 requires a covered and vented storage tank in resistant material such as FRR 
At temperatures below about 10°C, the handling system should be traced and insulated. 
The storage temperature usually is kept below 60°C. Hastelloy C or D and Alloy 20 
are the recommended metals. After dilution, the material becomes more corrosive and 
requires the use of higher-nickel alloys. 

Accurate low-volume metering pumps suitable for corrosive service and high vis¬ 
cosity (up to 3,500 cp) are necessary. For each 1,000 tpd of salt dissolved, the flowrate 
required to produce a concentration of 12 ppm is about 1.5 L hr^ ^. Because of the high 
viscosity and high degree of dilution in the brine stream, high-pressure injection quills 
may be used to promote rapid dispersion. 

Figure 7.26 gives an example of the effectiveness of SSI-200 when dissolving rock 
salt from a Texas dome. The addition of 15 ppm reduces the sulfate concentration of 
the solution formed by about 80%. Figure 7.27 gives a second example, at the standard 
inhibitor concentration of 12 ppm. This shows the general effectiveness of the product 



FIGURE 7.26. Effect of inhibitor dosage on sulfate rejection. (With permission of Jamestown Chemical Co.) 
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FIGURE 7.27. Rejection of calcium sulfate by inhibitor formulations, (I—no inhibitor added; II—original 
SSI added; III—original SSI-200 added; IV—improved blend SSI-200 added; V—optimum blend SSI-200 
added.) Figures in parentheses are % inhibition vs Case I. (With permission of Jamestown Chemical Co.) 


and the fact that SSI-200 is a second-generation product. There is also a possibility of 
improvement by special blending of the inhibitor to suit the particular salt. 

Startup of a solution mining operation with solubility inhibitors or introducing 
inhibitors into an operation that has been on line for some time has its unique problems. 
Some time is required before the inhibitor can have its full effect. During this time, the 
sulfate content of the mined brine will be higher than desired. The use of a higher excess 
of inhibitor to speed up the process is of limited value [57]. 


7.2.2.5C. Common-Ion Effect. Sulfate can also be prevented from dissolving by the 
addition of the cation of a sulfate that has limited solubility. Barium and calcium are 
the obvious candidates, but calcium presents fewer problems in application, and its use 
has been demonstrated commercially [58-60]. Calcium compounds are less toxic than 
barium compounds. They are also cheaper on a unit basis, but their lower effectiveness 
can override this advantage. Santos [60] described a system in which CaCl 2 was added to 
the unsaturated brine flowing to the dissolver. The combined cost of CaCl 2 and Na 2 C 03 
was much lower than those encountered in the equivalent precipitation processes. The 
cost of barium chloride, for example, is usually 50-80% higher. Santos gives comparative 
costs for several cases. Using his data at an operating temperature of 60°C and a sulfate 
ion concentration of 4.7 gL“^, we find the following materials costs for a 15,000 tpy 
plant (ca.l992): 



Materials Cost, 

Process 

$M per year 

Calcium suppression 

271 

CaCla precipitation 

522 

BaCl 2 precipitation 

472 
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FIGURE 7.28. Closed-loop process for suppression of sulfate by calcium ion. (Reproduced with permission 
of Society of Chemical Industry.) 


Another plant that returns brine to wells for resaturation reduced its solids waste load by 
80-85% by injecting CaCl 2 solution into the returned brine [61]. 

Regenerating CaCl 2 from the carbonate sludge can reduce the cost of its supply to 
the process. This consumes HCl instead of calcium chloride. The carbonate value goes 
off as CO 2 . Absorption of this gas in caustic gives a closed-loop process (Fig. 7.28). 
This requires a purge, which under some conditions may be large, to remove the other 
impurities found in the brine sludge. 

The suppression process is based on the same physical chemistry as precipitation, 
but it has several advantages. First, sulfate does not enter the brine, and no equipment is 
required for its later removal. We shall see in the discussion on brine treatment that this 
equipment often includes a very large clarifier. Second, the process tends to equilibrium 
from below the solubility level, not from above. Any departure from sulfate equilibrium 
will be in the right direction. Third, calcium precipitation tends to produce gypsum. In 
rock salts, sulfate is present as anhydrite, a less soluble form. The effective equilibrium 
is thus more favorable in the suppression process. 

Calcium chloride is available commercially in several different forms. Chlor-alkali 
producers usually receive it as pellets, 4 to 20-mesh flakes, or solution. There is also 
a powdered form, but it is relatively difficult to handle and has no real advantages 
in our application. Pellets and flakes are available in a nearly anhydrous (^^95%) form 
containing about 3% NaCl and flakes in 77% concentration, approximately the dihydrate, 
with about 2.5% NaCI. Flakes have an angle of repose of about 30°. Equipment design 
should be for about 45°. 

CaCl 2 and its solutions are used as desiccants. The anhydrous solid in a scrubber 
can dry air to a relative humidity of 7-10% [62]. The solid forms therefore are extremely 
hygroscopic and can dissolve in their water of sorption. They should be stored in seal- 
welded equipment with gasketed openings and entranceways. Carbon steel is a satisfact¬ 
ory material of construction and should specifically not be lined because of the abrasive 
nature of CaCla- Rather, most designers add a corrosion allowance of about 5 mm. 
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Commercial solution strengths range from 25 to 45%. Solutions for use in closed 
systems such as a refrigeration plant often contain corrosion inhibitors. Chlor-alkali 
producers, for the most part, should avoid these. A 25% solution of CaCb begins to 
freeze at — 29°C. The eutectic composition is about 30%, with a freezing point of —53°. 
The temperature of the onset of freezing then rises rapidly with concentration, reaching 
0° at about 37%. The solid form in equilibrium with solutions stronger than the eutectic 
composition is the hexahydrate ("^51% CaCh). 

Because lime is a weak base, a solution of pure CaCl 2 is acidic. The commercial 
form, however, contains a small amount of unreacted lime and produces solutions that are 
slightly alkaline. Solutions therefore are noncorrosive unless aerated. Carbon steel batch 
tanks or solution preparation tanks with their frequently varying levels should be lined or 
painted to prevent corrosion. FRP is also an acceptable material, provided that tanks are 
designed for the high specific gravity of the material. Carbon steel is also a satisfactory 
material for pumps and piping. PVC is useful up to a temperature of about 70°C. 


7.3. BRINE STORAGE AND TRANSFER 

In this section, we consider the need for storage of brine and the location, sizing, 
and design of storage tanks; the movement of brine into and through the process; and 
brine temperature adjustment. In choosing materials of construction for tanks, pumps, 
exchangers, and pipelines, it is important to consider possible contamination of the brine 
as well as corrosion. Certain reinforced plastics are good candidates and widely used for 
in-plant applications. At the large scale common to primary brine supply, however, they 
are not always practical, and ferrous-metal equipment is used instead. 


7.3. i. Storage of Brine 

Brine processing is a major part of the chlor-alkali process. Reference to Fig. 6.2 shows 
that none of our other subdivisions is as complex or contains as many steps. “Anyone can 
make chlorine but it takes a real engineer to make good brine.” The large number of steps 
calls for a storage policy that will assist smooth operation of the plant. No two plants 
seem to have the same arrangement or the same needs. What is needed at the design stage 
in every case is a careful review of the reliability of each step in the process, leading to a 
decision on where and how much storage is necessary or justified. Section 11.2.1 points 
out that control strategy and the best storage policy are often interrelated. 

Plant operators will recognize that storage tanks tend to remain full. This gives a 
feeling of security. Unless a plant is oversupplied with tankage, however, it may be false 
security. The function of intermediate storage is not to maximize the available supply to 
each step in a process but rather to uncouple two process steps so that disturbances are not 
propagated between them. Figure 7.29 illustrates the logic that should be applied to sizing 
a storage facility. Design usually is based on postulated shutdowns of some duration. A 
storage volume lies between two process units, either of which may fail. Since a failure 
may occur on either side of the storage element, there are two separate considerations. 
At normal operating level, the storage volume should allow process unit #2 to operate 
without input from process unit #1 for a given time. Above this level should be enough 
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Volume to receive output of 
Process Unit #1 during 
failure of Process Unit #2 



Volume to allow operation of 
Process Unit #2 during 
failure of Process Unit #1 


Buffer 


FIGURE 7.29. Analysis of storage requirement. 


freeboard for the reverse situation. If process unit #2 goes down, process unit #1 then 
can operate and feed the storage facility for the allotted time. The inventory should be 
kept within a band that satisfies both needs. The fact that the shaded areas in Fig. 7.29 
are equal by no means implies that the two volumes always are close to equal. 

The overriding concern in a chlor-alkali plant is to keep the cells and the caustic 
evaporators running. There is no need to provide major storage between every two 
adjacent process units. Rather, the usual technique is to group units, provide large storage 
volumes between groups, and place smaller pump tanks that hold several minutes’ flow 
at other locations. Process considerations influence the decision on storage volumes. 
The chemical treat tanks and the brine clarifier, for instance, are parts of a gravity flow 
sequence. Any storage between the two would serve no purpose but would rather allow 
the accumulation of solids. Storage of brine after the clarifier might be useful, but the 
arrangement of equipment limits the height of the overflow tank. A large tank would have 
to be placed off line and would add one or two more pumping operations to the process. 

Provisions for on-site storage of the ultimate raw material, solid salt or raw brine, 
are highly variable. A plant with its own nearby solution mining operation may have 
relatively little raw brine on site. Salt storage should allow the plant to operate in spite of 
delays in delivery or production outages at the source. In the latter case, one presumes 
that there is also storage at the source, and this can be rationalized with site facilities. 
The minimum storage required also depends on the size of a typical shipment of salt. 
When salt is delivered by ship, this is frequently the determining factor. An extreme case 
would be a plant that receives salt infrequently or during only part of the year. Harbors 
in far northern locations may be closed in the winter and may force a plant to provide 
enclosed storage for several months’ supply of salt. 

The corrosiveness of brine to ferrous metals depends largely on pH and on the 
concentration of dissolved oxygen. When the brine is acidic, a lining or coating is 
usually applied to steel storage tanks. Rubber and plastic liners are used; coatings may 
be a simple paint or a coal-tar or a phenolic epoxy. Nonaerated, slightly alkaline brine is 
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relatively noncorrosive, and carbon steel is suitable. Even such a tank may have a lining 
applied to the parts most likely to be exposed to the air. When the level of brine varies 
regularly and the interface with the air moves about, the entire tank may be lined or coated. 

Tank construction is not complex. The American Petroleum Institute’s code API 650 
is a commonly used standard, usually without a corrosion allowance. Tank bottoms have 
very gentle slopes, less than 1%, unless suspended solids are present. In that case, the 
slope may be greater and directed toward a flush or submerged drain nozzle. Where a 
heavy accumulation of solids is likely, tanks often have flush-bottom cleanouts. Not all 
tanks are covered. The likelihood of finding open tanks decreases as purity becomes 
greater and size of tank smaller. Where a roof exists, it is usually self-supporting. 

Smaller brine tanks usually are made of FRP. At least within the process, a good 
grade of corrosion barrier, for example a bisphenol-type resin, is recommended. Very 
small quantities of brine sometimes are stored in polyolefin tanks. 


732. Transfer of Brine 

732.1. Pumping. Pumping of brine is a straightforward operation. As noted above, the 
corrosivity is not high, and brine is essentially an innocuous fluid. Density and viscosity 
are higher than those of water, and so power requirements are greater than in water 
service. These are not huge effects and do not complicate the basic simplicity of brine 
pumping. 

Many different materials of construction are used. More resistant materials and 
those less likely to contaminate the brine are called for as pH drops, aeration increases, 
or the application moves closer to the cells. The most basic combination may be ductile 
iron casings with cast iron impellers. For in-plant service, the impellers may be upgraded 
to Monel. Where higher resistance is desired, high-chromium alloys (25-5 steels) appear. 
An example of this type is CD4MCu (27-30% Cr, 3-6% Ni, <0.04% C, <2% Mo 
Cu). The ultimate metal, used frequently for pure brine feed and almost exclusively for 
acidified depleted brine, is titanium. Rubber-lined pumps also appear and, in the smaller 
sizes, FRP. 

Most designers recommend double mechanical seals, usually unbalanced. Clear 
water is the best flushing liquid, because there is a possibility of crystallization from 
concentrated brine within the gland. Seal water may enter the process through the pump 
seals, and its quality should be chosen with that in mind. The purity of water required 
depends on the location of a pump within the process. In a membrane-cell plant, only 
the best grade of water should be used after the ion-exchange step. 


7.3.2.2. Heat Exchange. At some point in the process, heat is added to the brine. Heat 
losses in the treating system and the thermal effect of dissolving water that is below 
the process temperature are responsible for this. The latter effect is absent or small in 
a mercury-cell plant, where the brine may actually require deliberate cooling. Shell- 
and-tube and plate-type exchangers both are satisfactory. At least in and around the cell 
room, the trend in modem plants is toward plate units. In raw and treated brine service, 
cupronickel tubes in carbon steel shells give robust service. In plate exchangers, stainless 
steel and titanium are common. 
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The same constructions are used for cooling brine. This occurs sometimes within 
the process and sometimes before long-distance transfer of brine for resaturation. In 
the latter case, cooling may be by interchange, this time with brine returned from the 
resaturation process. 

Whenever untreated brine is heated, whether with steam or by interchange with 
hotter brine, there may be a danger of deposit of sulfates or carbonates on the heating 
surface. Shell-and-tube units should be designed with the appropriate fouling factor 
and with a facility for in-place cleaning with inhibited acid. Plate exchangers should 
be designed to minimize fouling, with high velocities and restrictions on plate heights. 
Deposits are less likely when heating by direct contact. This technique is most common in 
diaphragm-cell plants, specifically in brine/hydrogen interchangers. It economizes heat 
and keeps the chlorine that dissolves from the gas inside the main process. Section 9.2.4 
contains a short discussion 

In membrane-cell plants, some of the waste heat generated on the cathode side 
of the cells is often removed by interchanging the circulating caustic with brine. This 
application favors plate exchangers. With the temperatures involved and the different 
demands on the two sides of a plate, it is an exacting service, and Hastelloy C or a 
similarly resistant alloy is required. 


73.2.3. Pipelines. This section deals only with off-site pipelines used for the long¬ 
distance transfer of brine. Some pipelines, especially among the older ones, are cast 
iron. Newer lines are more frequently carbon steel or even a resistant plastic. 

To protect a metallic pipeline from corrosion, the brine should first be deaerated. 
Drawing a vacuum is the most convenient technique (Section 12.6). If the source of brine 
is remote, there may be no steam available to drive an ejector. A vacuum pump may then 
be used, or an eductor driven by brine or air. Typical operating pressures for deaeration 
are 10-20kPa. 

Underground steel pipelines must be protected from external as well as internal 
corrosion. Protective measures include wrapping the pipe with an impervious 
material, painting or covering it with a protective layer, and providing cathodic 
protection. 

As more membrane-cell plants come on line, the use of dual pipelines between wells 
and plant will become more common. Saturated brine from the wells will be pumped to 
the plant and depleted brine pumped back for resaturation. When there is a high point or 
a substantial difference in elevation between the two sites, much of the pumping energy, 
at least in one direction, will be expended in lifting the brine. This creates an opportunity 
to use an energy-recovery turbine to assist at least one of the pumps. 

The designer of brine pipelines must consider the possibility of deposition of solids. 
Solids may arise by settling from a slurry or suspension, by precipitation of salt as 
the brine cools, or by deposition of hardness compounds (with their reverse solubility 
characteristics) as the brine is heated. 

Brine pipelines are not “long” in the sense that oil or natural gas pipelines are long. 
While booster stations are rare, they are not unknown. These are usually simple affairs, 
using a single pump provided with a bypass line containing a check valve, to allow the 
pipeline to function when the booster pump is out of service. 
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7.4. THE ROLE OF BRINE PURIFICATION 

Impurities in brine affect electrode reaction kinetics, ceil performance, the condition of 
some cell components, and product quality. Treatment of brine to remove these impurities 
has always been an essential and economically significant part of chlor-alkali technology. 
The brine system typically has accounted for 15% or more of the total capital cost of a 
plant and 5-7% of its operating cost. The adoption of membrane cells has made brine 
specifications more stringent and increased the complexity and cost of the treatment 
process. Brine purification therefore is vital to good electrolyzer performance. This 
section considers the effects of various impurities in all types of electrolyzer and the 
fundamentals of the techniques used for their control. Section 7.5 covers the practical 
details of the various brine purification operations. 


7.4.7. Composition of Salts and Brines 

The salt used by most chlor-alkali producers falls into the categories of rock salt and solar 
salt. The former is recovered from underground deposits by conventional mining and by 
solution mining, in which water or weak brine is pumped into an underground deposit 
to dissolve the salt. Solar salt results when saline water evaporates past the point of 
saturation in open ponds. Rock salt is the common supply in Europe and North America. 
Imported solar salt is the predominant supply in Japan and in many other parts of the 
world. There are other sources that are relatively minor in the industry as a whole but 
locally quite important. Saudi Arabia, for example, uses salt dredged from near-surface 
deposits found in low-lying areas. 

Potassium chloride ores usually are mixed salts, and so a certain amount of refining 
is often a part of the KCl extraction process. As a result, the material supplied to the 
chlor-alkali industry usually is of higher quality than the raw NaCl. Other grades of 
NaCl, however, are available that have also been treated to a higher purity before sale. 

With this wide variety of sources, one would expect to find great variations in the 
type and abundance of impurities in salt. Still, there are a number of useful generaliz¬ 
ations. Table 7.6 shows that calcium, magnesium, and sulfate ions are the other major 
components of seawater and therefore the major impurities in most salts [63], and the 
removal or control of these constituents is a primary objective of the brine purification 
process. The most widespread impurity in NaCl deposits is CaS 04 . Magnesium com¬ 
pounds, and to a lesser extent iron compounds, also are present in most natural salts. 
Oxides of silicon and aluminum are also found, as well as traces of other metals and 
sometimes anions such as iodide. The importance of these impurities depends greatly 
on the type of cell in use, and the methods used for purification of brine reflect all the 
above factors. 


7.4.2. Effects of Brine Impurities 

The products of the electrochemical reactions in a chlor-alkali cell are the same as the 
electrode products in a chlorate cell. Thus, both types of cell generate chlorine at the 
anode and hydrogen and hydroxyl ions at the cathode. In the chlorate cell, the products 
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TABLE 7.6. Some Constituents of 
Seawater and their Concentrations 


Element 

Concentration (mg L 

Chlorine 

18980 

Sodium 

10561 

Magnesium 

1272 

Sulfur 

884 

Calcium 

400 

Potassium 

380 

Bromine 

65 

Carbon 

28 

Strontium 

13 

Boron 

4.6 

Lithium 

0.1 

Iodine 

0.05 

Copper 

0.003 

Silver 

0.0003 

Gold 

0.000006 


of the electrode reactions, chlorine and hydroxyl ions, are allowed to react to form 
hypochlorite and, ultimately, chlorate ions. The design of chlorine cells must prevent this 
reaction. Diaphragm and membrane cells do so by inserting a physical barrier between 
the two electrodes. Mercury cells modify the cathode process from the electrolysis of 
water to the reduction and capture of the alkali metal ion by amalgamation, and they also 
remove hydrogen and caustic generation to a physically attached amalgam decomposer. 

In every case, the separator, whether diaphragm, membrane, or mercury, makes 
the electrolytic process sensitive to impurities. Because the separators work in differ¬ 
ent ways, the effects of impurities differ among the three types of cell, each with its 
own requirements. Since both diaphragm and membrane cells depend on interelectrode 
barriers, their mechanisms of damage are similar. The impurities of most concern are 
the Group 2 cations, especially magnesium and calcium. Mercury cells rely on differ¬ 
ent cathode chemistry, and so a different set of impurities, primarily trace metals, is 
of concern. Anionic impurities are for the most part less harmful. Sulfate and chlorate 
concentrations, especially in mercury-cell plants, often reach high levels in brine recycle 
loops, to the point where they reduce the solubility of the chloride. Sulfate, especially, 
can also have significant effects on cell performance at lower concentrations. In older 
cells, high concentrations of sulfate increased the rate of wear of graphite anodes, and 
in diaphragm cells they can reduce the current efficiency by enhancing the generation of 
oxygen [64]. In membrane cells, sulfate at relatively low concentrations can destroy the 
membranes. 


7.4.2.7. Mercury Cells 

Success of the mercury cell depends on two factors: 

1. high hydrogen overvoltage on the cathode, so that charge transfer of the alkali 
metal ion can proceed at a high current density with very little evolution of 
hydrogen; 
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2. fast (and hence with very low overvoltage) discharge of Na“*" or on mercury, 
which is diffusion-controlled on both sides of the amalgam-solution interface. 


Amalgam formation is greatly affected if these conditions are disturbed by impurities or 
changes in operating conditions. In the 1950s, Angel and coworkers published a series 
of papers on the amalgam decomposition reaction in concentrated brine [65-67] and 
electrolysis at an amalgam cathode [68-70]. In their amalgam decomposition experi¬ 
ments, very little hydrogen was liberated from sodium amalgam in pure NaCl solution 
or in the presence of iron, calcium, or magnesium. A trace of vanadium catalyzed the 
decomposition, and the reaction rate increased with vanadium concentration. Similar 
effects, usually less pronounced, occurred with other metals. Foreign anions such as 
sulfate, bromide, iodide, fluoride, and chlorate had no deleterious effect. Certain neutral 
and other anionic impurities actually had some benefit by mitigating the action of vana¬ 
dium. The mechanism of this seems to involve complex formation (e.g., phosphate) or 
the adsorption of vanadium onto colloidal particles (e.g., silica). 

During electrolysis, vanadium again was extremely harmful. Concentrations less 
than 2mgpl completely stopped the formation of amalgam [68]. As another example, 
0.1 ppm vanadium in the brine can reduce the current efficiency by 0.7%. The fact 
that there are many synergistic combinations of metals puts a particular burden on the 
brine purification process [69]. While vanadium has pronounced effects, it is less of a 
practical problem now than it was at the time of the work reported here, Petrocoke was 
the base for the graphite used in anode manufacture and therefore the primary source 
of vanadium contamination. With the adoption of dimensionally stable metal anodes, 
vanadium contamination became a less frequent and a less serious problem. 

The following classification of the effects of impiirities was published by 
MacMullin [71]: 


Metallic impurities 
Very harmful 
Moderately harmful 
Slightly harmful 

No effect 


V, Mo, Cr, Ti, Ta, (Mg -h Fe) 

Ni*, Co*, Fe*, W 

Ca, Ba, Cu*, Al*, Mg*, 

graphite 

Ag, Pb, Zn, Mn 


(*known to act as a promoter) 


Nonmetallic impurities 
No effect 

Slightly beneficial 
Beneficial 


bromide, iodide, fluoride, 
chlorate, sulfate 
borate 

silicate, stannate, phosphate 


Table 7.7 shows MacMullin’s tabulation of the data of Czemotzky [72] for the maximum 
allowable concentrations of several metallic impurities in the electrolysis of NaCl at 
40 A dm“^ at 80°C with a cell gas containing 0.3% H 2 . The table also contains the data 
of Hass [73] in both NaCl and KCl brines at concentrations of 3M. There is a density 
factor between the bases for the two sets of data. The MacMullin/Czemotzky data are 
in mgpl, and Hass’s are in ppm by weight. Since part of the effect of these impurities 
seems to stem from their interference with the amalgamation and dispersion of the alkali 
metal, soda and potash cells behave differently. There is also a tendency for the effects of 
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TABLE 7.7. Maximum Allowable 
Concentrations of Metallic Impurities in 
Mercury Cells 


Hass 


Impurity 

MacMullin 

NaCl 

KCl 

Calcium 

100 



Magnesium 

1 



Iron 

0.3 



Titanium 

0.1 



Molybdenum 

0.001-0.01 

0.01 

0.01 

Chromium 

0.001-0.01 

0.02 

0.002 

Vanadium 

0.0001-0.01 

0.03 

0.03 

Tungsten 


0.09 

0.01 

Cobalt 


0.1 

0.06 

Germanium 


0.2 

0.2 

Lead 


1.4 

1 

Antimony 


6 

0.6 

Arsenic 


6 

0.8 


Source: Data of MacMullin [71] and Hass [73]. 


impurities to be greater at higher amalgam concentrations [74]. Hass obtained his data in 
controlled laboratory experiments with a small mercury-drop electrode exposed to 3M 
solutions of NaCl or KCl. In most cases, they indicate that KCl cells are more sensitive 
to impurities. More recently, Colon [75] reviewed the literature and published a more 
extensive list, summarized in Table 7.8. The criterion used by most researchers to fix the 
allowable concentration of an impurity was the observed onset of hydrogen formation. 
This is more restrictive but less precise than Czemotsky’s use of 0.3% hydrogen in the 
gas. Colon points out that the techniques and conditions varied widely, and so did the 
results. He then reports the lowest concentration limit found for each element listed 
without noting the experimental conditions that applied, such as the current density, the 
temperature, and the medium. All units in the table are in ppm, and data that appear in 
parentheses indicate the presence of synergistic effects. The reader should remember the 
inconsistencies pointed out by Colon and not regard his table as a consistent set of data. 

In this table, there are examples in which NaCl cells appear to be the more sensitive. 
However, the data on a given element may not come from the same source for the two 
different electrolytes. With the variability in the reported results and the many examples 
of synergism, it is best to make a more careful examination of the literature, and not to 
rely precisely on any one table but to base conclusions on tests with the brine actually 
used in a plant. 

Many metals other than the alkalis can amalgamate with mercury. Many of these 
amalgams do not completely break down in the decomposers. They are of limited solu¬ 
bility and eventually will build up in concentration to the point where they precipitate as 
mercury “butter.” This interferes with the circulation of mercury and forces the operator 
to increase the gap between electrodes. The wider gap causes the cell voltage and power 
demand to increase. Removal of butter is part of the regular program with mercury cells. 
It can be removed physically or, sometimes, by washing with acid. 
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TABLE 7.8. Impurity Concentrations at 
Onset of Hydrogen Generation 


Element 

In NaCl brine 

In KCl brine 

Aluminum 

0.1 

4 

Antimony 

3 

0.6 

Arsenic 

6 

7.5 

Beryllium 

3.5 

3 

Calcium 

10 

— 

Chromium 

0.01 

0.003 

Cobalt 

0.1 (0.02) 

0.06 

Copper 

(0.02) 

— 

Germanium 

0.07 

0.15 

Iron 

0.1 (0.02) 

— 

Magnesium 

1 

0.04 

Manganese 

(2.5) 

~ 

Molybdenum 

0.01 

0.01 

Nickel 

0.06 (0.02) 

0.59 

Osmium 

1 

— 

Palladium 

10 

0.98 

Platinum 

0.01 

— 

Rhenium 

1 

— 

Rhodium 

1 

— 

Ruthenium 

10 

— 

Tantalum 

0.25 

18.1 

Titanium 

0.007 

0.05 

Tungsten 

0.09 

0.009 

Uranium 

10 

— 

Vanadium 

0.01 

9 

Zirconium 

90 

— 


Source: Compiled by Colon [75]. 


7A2,2. Diaphragm Cells. We have seen that impurities in the brine can completely 
poison a mercury cell by altering amalgam electrochemistry. Diaphragm cells, perhaps 
the type most forgiving of impurities, are less susceptible to such severe damage by 
minute quantities of contaminants. The impurity most frequently of concern is hardness, 
but a cell can continue to operate at reduced efficiency even if the feed brine carries 
high levels of hardness. Hardness elements in the anolyte may deposit in the diaphragm 
as they pass through into the catholyte, resulting in a gradual increase in cell voltage. 
The increased hydraulic resistance of the diaphragm also tends to decrease the brine 
flow rate. At constant amperage, this can lead to higher conversion of the salt, with 
lower residual NaCl concentration and higher caustic concentration in the catholyte. 
The lower salt concentration permits more generation of oxygen at the anodes. The 
higher concentration of OH~ and the lower flow rate through the diaphragms allow 
more OH“ to enter the anode chamber, reducing the current efficiency of the cell and 
producing undesirable byproducts. 

In practice, a diaphragm-cell operator varies the difference between the liquid 
levels in the anolyte and catholyte to keep the flow steady in the face of changes in 
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nOURE 7.30. Effects of addition of magnesium to brine on diaphragm-cell performance; current dens¬ 
ity 10Adm~2; Mg2+ concentration 100mgL“^ (Reproduced by permission of The Electrochemical 
Society, Inc.) 


the diaphragm’s hydraulic resistance. When the catholyte level becomes too low, the cell 
is taken out of the circuit for replacement of the diaphragm. 

The transport of OH“ through the porous diaphragm is by diffusion, migration, 
and hydraulic flow. Diaphragm plugging affects all these factors significantly, and the 
operating parameters that determine cell performance change. Mine and coworkers [76] 
studied the effects of brine impurities on diaphragm cell performance in a laboratory cell 
with a modified asbestos diaphragm. Figure 7.30 shows the results obtained during the 
electrolysis of brine containing 100 gpl magnesium at a current density of 10 Adm'^. 
After several days of unchanged operation with purified brine, switching to doped brine 
caused a decrease in anolyte flow that was due to plugging of the diaphragm. This 
allowed the caustic strength in the catholyte to increase. Other data showed that the IR 
drop increased and the current efficiency decreased. Brine doped with calcium or with 
other concentrations of magnesium gave similar results. 

At lower concentrations, the effects of magnesium are delayed. Figure 7.31A shows 
the time required to produce a given effect as a function of magnesium content from 10 to 
100 mgpl at three different current densities. At each current density, a logarithmic plot 
of time vs magnesium concentration fits a line with a slope of -1. Such a line represents 
a constant amount of magnesium transported from the anolyte into the diaphragm. The 
damage to the diaphragm therefore is related only to the amount of magnesium that enters 
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FIGURE 7.31. Effects of current density and impurity concentrations on rate of reduction of anolyte flow. 
(Reproduced by permission of The Electrochemical Society, Inc.) 


it. Table 7.9 makes this clearer by listing the product of current density and operating 
time for the runs made at 10 mgpl. Only the time required at the highest current density 
to reduce the flow by 20% is somewhat out of line. 

Figure 7.3 IB shows similar results for brine doped with calcium. The same effects 
occur, but Table 7.9 shows that the product of current density and time is higher at higher 
current densities. This suggests a different mechanism of plugging, with the capture of 
calcium by the diaphragm becoming less efficient at high flux. Figure 7.32 sheds more 
light on the subject. It shows the distribution of magnesium and calcium deposits in and 
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TABLE 7.9. Reduction of Brine Flow Rate by Deposition of 
Magnesium and Calcium Impurities 


Impurity 

Reduction 

Current density 

Days on line (r) 

i X t 


in flow (%) 

(Adm“^) (0 



Magnesium 

10 

10 

13.5 

135 



20 

7.0 

140 



30 

4.7 

141 





138.7 avg. 


20 

10 

32.3 

323 



20 

16.1 

322 



30 

12.0 

360 

335 avg. 

Calcium 

10 

10 

20.5 

205 



20 

15.2 

304 



30 

11.7 

531 


20 

10 

53.0 

530 



20 

36.0 

720 



30 

27.0 

810 
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FIGURE 7.32. Distribution of magnesium and calcium precipitates in diaphragm. Diameter 50 mm; thickness 
4 mm. (Reproduced by permission of The Electrochemical Society, Inc.) 
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on the diaphragm. Magnesium precipitates at the surface and in the anode side of the 
diaphragm. Calcium, on the other hand, precipitates more uniformly throughout the mat. 
Some fraction of it, presumably, travels through the diaphragm without being captured. 
This fraction should increase at higher ionic flux, accounting for the results observed in 
Table 7.9. The one stray point in the magnesium data suggests the same effect, or it may 
simply reflect experimental error. 


7.4.23, Membrane Cells. Membrane cells £ire not subject to the electrode poisoning 
suffered by mercury cells. They are in this respect similar to diaphragm cells, but the 
membranes themselves are exceptionally sensitive to brine impurities [77], and brine 
specifications for membrane cells are more onerous. Section 4.8 discussed the structure 
and performance of membranes and explained the reasons for this sensitivity. Certain 
impurities can affect cell performance and the service life of the membranes even when 
present at ppb levels. Their concentrations in the brine must be rigidly controlled. When 
this is done successfully and ultra-pure brine is consistently available, service life can 
be quite long, and test cells have operated well for up to 9 years [78], 

Magnesium and calcium ions combine with hydroxide and precipitate on the anode 
side and in the body of the membrane. Other ions, including aluminate, silicate, and 
sulfate, may form insoluble compounds in the membrane. These undesirables increase 
the IR drop through the membrane, reduce its selectivity, interfere with water transport, 
and lead to mechanical failure and other problems. Because high-performance mem¬ 
branes have composite structures, impurities may have different effects depending upon 
the layer of the membrane in which they deposit. The anode layer, which is the thicker 
and more permeable, exists to provide strength to the membrane without imposing much 
voltage drop. The catholyte layer is more selective and is built to reject the passage of 
hydroxide ions. It is less permeable and has greater resistivity. Since the catholyte layer 
determines the current efficiency of a membrane, deposits in that layer tend to impair 
the selectivity of the membrane as well as to increase its electrical resistance. Deposits 
in the anolyte layer tend to affect only the electrical resistance. 

Magnesium and calcium behave in much the same way as they do in diaphragms, 
with Mg precipitating first and closer to the anode side, while Ca precipitates later and in 
the cathode layer. As a result, particles of Mg (OH) 2 tend not to interfere with selectivity 
and so have little effect on current efficiency. By blocking passage through the anode 
layer, however, they do increase the voltage drop through the membrane. Ca(OH) 2 , 
on the other hand, interferes with operation of the cathode layer and so lowers the 
current efficiency. Nickel and iron behave like magnesium. Strontium, barium, sulfate, 
aluminum, and silica behave more like calcium. 

Brine impurities can also affect the anode coating. Barium sulfate, for example, 
precipitates on or in the coating and can destroy its catalytic action. Other ions harmful 
to the anode coating include lead, manganese, and fluoride. 

Table 7.10 summarizes the important impurities, their effects, the tolerable limits, 
and methods of control. Much of the table is based on a DuPont product bulletin [79] 
and repeats the information found in Section 4.8.6 and the Appendix to Section 4.8. 
In order to give a more comprehensive idea of the controls required by the chlor- 
alkali process, it is supplemented here with information pertaining to diaphragm and 
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'Barium iodide also can precipitate if the combination of the two elements is excessive. Some newly developed membranes have enhanced resistance to damage by iodine (Section 4.8.5). 
precipitates are extremely fine and a certain amount of deposit can be tolerated without deterioration of membrane performance. 
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mercury cells as well. The table also considers the effects of certain impurities on the 
composition of the chlorine gas leaving the cells. This can have important effects on the 
chlorine and hydrogen processing operations. 

Simple mathematics helps to explain the great sensitivity of membrane ceils to 
impurities and operating conditions. Adjusting previous calculations [80], we find that a 
square meter of a membrane that operates for 3 years under a current density of 4 kA m~^ 
will pass about 360 GC and move 350 tons of sodium ion and water. That square meter 
may weigh about 400 g, and the deposit of 1% of its weight can damage it severely. 
Choosing a number slightly less than 1% of its weight can damage it severely. Choosing 
a number slightly less than 1 % of the membrane weight, we can tolerate the deposit of 
3.5 g. This represents lOppb in the fluid that passes through the membrane. It should be 
no surprise to find brine specifications of the same order of magnitude. 


7.4.2 A, Precipitation Patterns of Metal Hydroxides. The precipitation patterns of cal¬ 
cium and magnesium in diaphragm and membrane cells reflect the different solubilities 
of their hydroxides. By order of magnitude, their respective solubility products in water 
are 10“^ and 10“^^ Since anolytes are mildly acidic and catholytes very strongly basic, 
pH varies with position across diaphragms and membranes, Mg(OH) 2 , with its lower 
solubility product, precipitates at a lower pH than does Ca(OH) 2 . For this reason, 
magnesium precipitates are found closer to the anode side. The trend continues with 
strontium and barium. Their hydroxide precipitates form even closer to the cathode. 
Their effects on membrane cells therefore resemble those of calcium more than those of 
magnesium. 

We can extend this logic to the case of iron. In the oxidizing atmosphere of the 
anolyte, the ions to consider are Fe^“^. With its very low solubility product (10"^^), 
Fe(OH )3 is quite insoluble and precipitates at a relatively low pH. Accordingly, there are 
many reports of Fe(OH )3 precipitation within the anolyte. In membrane cells, depos¬ 
its can form on the anolyte face of the membrane. Iron impurities in the catholyte 
also can cause deposits to form on the anode side. In the catholyte, iron exists as an 
anion, HFeO^ * Like the OH“ ion, this travels through the membrane by diffusion and 
migration. The HFeO^ species oxidizes to Fe^"*" at the anolyte/membrane interface and 
precipitates as Fe(OH) 3 . 

Iron is therefore considered less harmful than calcium or magnesium, and its 
specified concentration limit in the brine is set higher. However, van der Stegen and 
Breuning [81] report a case in which the continued use of brine containing 200 ppb Fe 
adversely affected cell voltage. Understanding this phenomenon requires some know¬ 
ledge of the pH profile in a cell. The pH at any section depends on the rates of transport 
of protons from the anolyte toward the cathode and of hydroxyl ions from the catholyte 
toward the anode. Ogata et al. [82] showed that under most conditions the pH near the 
anolyte surface of the membrane is between 7 and 9. This is determined in part by the 
type of membrane used. It also depends on operating conditions and the health of the 
membranes. The operating conditions change the pH profile by changing the flux of 
H“^ or OH“ ions. Thus, an increase in anolyte strength or acidity reduces the pH at the 
surface, while an increase in catholyte strength or membrane current density increases 
it. The state of the membrane influences the pH profile if the current efficiency changes. 
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A decline in current efficiency by definition is an increase in the OH“ flux. This causes 
the surface pH to increase. 

These considerations are important to the action of iron because of its ability to 
form complex ions with hydroxyl. At low pH, hydrolysis is incomplete and Fe(OH)^“^ 
and Fe(OH)J exist. At high pH, ferric ion forms Fe(OH)J (or Fe0^-2H20), and the 
solubility of iron increases. The solubility is at a minimum between pH 5 and pH 10. 
This range includes the normal pH at the membrane interface and explains the lack of 
penetration by iron. The accumulation of Fe(OH )3 can raise the cell voltage but does 
not affect the current efficiency. When the pH profile shifts to allow the interfacial value 
to drop below five, ions can penetrate the membrane and deposit within the membrane 
but closer to the anode side. 

When iron is present in the brine as Fe^“^ or Fe^"^, it is possible to keep its concen¬ 
tration in the cells under control by ion exchange. The use of high-grade purified salts 
containing ferrocyanide anticaking agents presents a special problem. Brines prepared 
from such salts, as in the case reported by van der Stegen and Breuning [81], often do not 
go through a chemical treatment process but rely on the ion-exchange system to remove 
multivalent metals. The iron, however, being present as a complex anion, flows through 
ion exchange and into the cells, where it oxidizes to Fe^”^ in concentrations above the 
specified limit. Prior decomposition of the ferrocyanide complex and filtering of the iron 
hydroxide from the brine are proven technology. 


7.5. THE BRINE TREATMENT PROCESS 
7.5.7. Brine Specifications and Treatment Techniques 

This section discusses the processes used to bring brine within the specifications imposed 
by the various cell technologies, as summarized in Section 4.8.6. Brine specifications 
depend strongly on the type of cell being used, because the effects of the various impur¬ 
ities, discussed in Section 7.5.2, often are specific to the type of cell. This situation 
is reflected in differences in the approach to brine treatment. The sections that follow 
describe the steps in a typical process, and these are shown in the simple diagram in 
Fig. 7.33, where the process steps are referred to the relevant section of the text. 

Major impurities (calcium, magnesium, and other metals) are removed from solu¬ 
tion by precipitation (Section 7.5.2). The solids are separated from the treated brine by 
settling (Section 7.5.3) and one or two stages of filtration (Section 7.5.4). The precipit¬ 
ated solids are removed from the settler for disposal, and the residual brine contains a 
few ppm of hardness. This is not acceptable in membrane cells. An ion-exchange pro¬ 
cess therefore follows in that case (Section 7.5.5). The fully treated brine then is ready 
for use in the cells but is alkaline and contains carbonate. Most plants add acid to the 
brine in order to improve cell operation and chlorine quality, and this is the subject of 
Section 7.5.6. 

Other contaminants found in brine as produced include sulfate and a group of less 
common impurities that require treatment in some plants. Finally, brine treatment must 
deal with certain byproducts of cell operation that must be removed from brine recycle 
systems. These include dissolved chlorine (hypochlorite) and chlorate. The latter forms 
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FIGURE 7.33. Guide to brine treatment processes. Basis: membrane cells; numbers in boxes correspond to 
sections in text. 
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by reaction of chlorine with any alkalinity present in the anolyte. Control of sulfate 
is a complex issue because of the many techniques that are available and because of 
the fact that it can be applied at any of several points in the process. Section 7.5.7 
is dedicated to this subject. Section 7.5.8 discusses control and removal of the less 
common contaminants referred to above. Section 7.5.9 covers brine dechlorination and 
the conversion of chlorate ions back to chloride. 

Each type of cell has its own requirements. Diaphragm cells are perhaps the most 
forgiving of impurities. While mercury cells can tolerate a higher total concentration 
because of their lesser sensitivity to the major impurities, they are susceptible to damage 
by small quantities of certain heavy metals. Membrane cells have the most exacting 
brine specification and are distinguished from the others by their very low hardness 
specification. 
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7.5.2. Chemical Treatment 

The first step in brine purification is chemical treatment to remove certain impurities. 
The elements of hardness (calcium and magnesium) must be removed, along with iron 
and heavy metals. This is done by precipitation, adding a source of carbonate ion to 
remove calcium and a source of hydroxide ion to remove the other metals. Sulfate ion 
also can be removed by precipitation, using either calcium or barium ion. Precipitation 
processes cannot usefully be considered in isolation. The nature of the solids formed 
in this way determines how they will behave in the later processes that are designed 
for their physical removal. The subsections that follow therefore describe in a general 
way the flow behavior and settling rates of precipitated particles. Later sections of the 
chapter cover the details of sedimentation and filtration of the solids. 

The reader who hopes to see a well-developed technical discussion of brine 
treatment technology that is based on first principles and explains unequivocally how a 
system should be designed and operated is doomed to disappointment. The following 
characteristics of treatment processes help to account for this situation: 

1. The quality of brine/salt supplies varies over time, and in particular instantaneous 
values of the calcium/magnesium ratio can change quickly. 

2. The quality of process water can fluctuate with the seasons or change rapidly 
after rainfall. 

3. Outside contamination of the supply is always a possibility. 

4. Particles of salt can be degraded by handling, causing variations in the output of 
a dissolver. 

5. Close control of the process, with rapid response to variations in the feedstock, is 
impracticable. Real-time analytical data are hard to obtain, and the best process 
design creates dead time that makes simple feedback control difficult. 

6. Particle formation during precipitation, which determines success in downstream 
processes, is a matter of surface chemistry. This is difficult to characterize in 
any case, and it can be profoundly altered by trace impurities. The presence of 
unmeasured trace impurities can cause brines with identical analyses to behave 
very differently in a precipitator. 

7. Plant operation can introduce impurities that vary in nature and quantity. Sources 
are corrosion anywhere in the brine/anolyte process and foreign materials used 
in certain equipment (lubricants, packing, gaskets, etc.). 

Careful study of the brine intended for use in a given plant can result in a nearly optimal 
design of the treatment process, and tests of the supply are always desirable. Considering 
the chlor-alkali industry as a whole, however, the extreme variations in raw material 
quality make it impossible to set down hard and fast rules for the design of a brine 
treatment plant. 


7.5.2.1. Fundamentals of Precipitation. We consider ‘ ‘precipitation’ ’ to be the combined 
process of rendering a substance insoluble and forming solid particles of desirable size 
and shape. The latter aspect is critical, as it influences the performance of the downstream 
brine-purification equipment. This section discusses some basic aspects of the relevant 
reactions, to show that the best practices may differ with the impurity that is to be 
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removed. This fact is particularly important in chlor-alkali plants, where calcium and 
magnesium normally are precipitated together. The sequence of discussion is: 


1. precipitation of Mg(OH) 2 ; 

2. precipitation of CaCOs; 

3. simultaneous precipitation of the two; 

4. precipitation of sulfate ion. 


7.5.2.1 A. Precipitation of Magnesium Hydroxide. Since the solubility product of mag¬ 
nesium hydroxide in water is very small (order of magnitude 10“ ^ ^ at room temperature), 
magnesium ions in brine are precipitated quite effectively by the addition of alkali: 

Mg2+ + 20H" ^ Mg(OH)2 (19) 

Figure 7.34 shows a pH curve for MgCl 2 titrated with NaOH in concentrated NaCl 
solution [83]. Addition of a very small amount of NaOH brings the combined ionic 
concentrations up to the solubility product of Mg(OH) 2 . Then, in the relatively flat 
portion of the curve at about pH 9, the pH changes slowly because the hydroxyl ion 
precipitates as Mg(OH )2 as quickly as it is added. Finally, when precipitation is complete, 
the pH again begins to rise rapidly. 

Figure 7.35 shows sedimentation curves for magnesium hydroxide precipitated by 
NaOH [83]. At first, the phase boundary fails linearly with time, and the concentration 
of solid in the settling zone remains constant. Later, the slurry concentration begins 
to increase, and the settling rate declines. In the final stage, settling becomes nearly 
imperceptible, but the solids concentration in the settled layer continues to increase 
through compaction. The practical objectives in a sedimentation process are a slope in 
the early stages that is large in magnitude and a high concentration of solids in the fully 
settled material. Curve II of Fig. 7.35 is an example that shows these desirable features. 



FIGURE 7.34. pH titration curve of MgCl 2 with NaOH. Temp. = 60°C, MgCl 2 cone. =2gL solution 
volume = 200 cm^. 
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FIGURE 7.35. Mg(OH )2 sedimentation curves. 


Mg(OH)2 



1 

T 7nm 


Ca(OH)2 



FIGURE 7.36. Particles of Mg(OH )2 precipitated by NaOH and Ca(OH) 2 - 


The magnesium hydroxide precipitated by NaOH is translucent and jelly-like. The 
use of calcium hydroxide, on the other hand, gives a thick, white precipitate. The sed¬ 
imentation rate of the latter is much higher than that of the former. Figure 7.36 shows 
the large difference in particle size that helps to explain this difference in the settling 
behavior [84]. 

In the chlor-alkali process, unfortunately, precipitation with calcium hydroxide is 
not a practical approach. NaOH or KOH, whichever is appropriate to the alkali produced 
in the plant, is used instead. Mg (OH) 2 precipitates in this case are colloidal and coagulate 
loosely. Figure 7.37 shows the effect of agitation on their settling behavior [85]. Longer 
times of agitation caused lower settling rates, indicating that the precipitate is easily 
degraded to form finer particles. This explains the field observation that high-magnesium 
precipitates settle poorly and that carryover of fine particles from a clarifier can be a 
serious problem. Particles that have formed and settled are still fragile and tend to break 
up under agitation. The solid circles and dashed curve in Fig. 7.37 resulted from 15-min 
agitation of particles that already had been allowed to settle for 40 min. The results are 
essentially the same as those obtained by mild agitation of a freshly precipitated sample, 
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FIGURE 7.37. Effect of agitation on sedimentation curves for Mg(OH) 2 . Temp. = 27®C, MgCl 2 
cone. = 3.3 g Alkali source = Ca(OH) 2 . Solid circles refer to sample marked with asterisk after further 
agitation. 



FIGURE 7.38. pH titration curve of CaCl 2 in saturated NaCl solution. Temp. = 28°C, Na 2 C 03 
cone. = 0.76M, Solution volume = 500 cm^. 


indicating that any growth or agglomeration of particles while settling was reversed by 
agitation. 

Other metallic hydroxides precipitated by NaOH or KOH tend to behave in the 
same manner as magnesium. 


7.5.2. IB. Precipitation of Calcium Carbonate. At the normal temperature of the treat¬ 
ment process, calcium hydroxide is fairly soluble (0.1 % w/w), and the addition of alkali 
to brine does not give a sufficiently low concentration of the calcium ion. Calcium is 
precipitated instead as the carbonate, according to the simple equation 

Ca.^+ + COj- CaC03 (20) 

Calcium carbonate has a solubility product of about 10“’ in slightly alkaline solutions. 
Figure 7.38 shows a titration curve for CaCh in NaCl solution when Na 2 C 03 was 
added to precipitate the calcium ion [86]. There are four distinct regions on a curve. 
Region I is the neutralization of acid, and Region II is the formation of bicarbonate 
between pH 5 and 6. In Region III, CaC 03 precipitates when the pH exceeds about 
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FIGURE 7.39. Effect of temperature on reaction/settling rate in calcium precipitation. 



FIGURE 7.40. Sedimentation curves for CaC 03 in saturated NaCl solution. CaCl 2 cone. = 3 g L ^ 


7.0. Region IV shows the increase of pH that begins when precipitation is substantially 
complete. 

Figure 7.39 shows the effect of temperature on the reaction rate. The curves show the 
calcium content of the clear liquor in a cylinder as a function of time. At low temperature, 
there is no apparent reaction for several minutes as precipitates begin to form. At the 
higher temperature (40°C), reaction is much faster. These phenomena are reflected in 
the sedimentation curves of Fig. 7.40. 

An extremely important difference between calcium and magnesium precipitates 
is in the quality of the particles formed and therefore in their behavior in sedimentation. 
Calcium carbonate precipitates in general are much denser and sturdier than magnesium 
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FIGURE 7.41. Effect of agitation on sedimentation of CaC 03 . 

hydroxide precipitates. Figure 7.41 shows the effect of agitation on the settling behavior 
of CaCOs. In contrast to the behavior of magnesium in Fig. 7.37, increased agitation 
time actually helps the rate of sedimentation. This effect indicates that the particles 
resist mechanical degradation and that agitation allows continued slow particle growth 
by promoting contact between the particles and the supersaturated solution. Therefore, 
given sufficient time for reaction and particle growth, solid CaCOa is usually much easier 
to remove from a suspension than the hydroxides of other metals in the brine. 

As explained at the beginning of this section, it is the relatively high solubility of 
Ca(OH )2 that accounts for the use of Cd^~ to precipitate calcium. However, the law of 
mass action tells us that the dissolved concentration of calcium would also be reduced 
by increasing the excess OH"" concentration and eliminating the use of CO^~. There are 
several reasons not to do this, including: 

1. the physical form of the precipitate; the advantages of the denser CaCOs particles 
in the solids-removal processes would be lost; 

2. the effect on the solubility of certain heavier metals; the introduction to 
Section 7.5.8 will show that the solubility of oxygenated anionic forms of 
some metals increases with pH. 

These disadvantages can also occur along with the use of carbonate if the excess caustic 
concentration is too high (say, pH >12). Heavy-metal solubilities will increase, and 
both CaCOa and Ca(OH )2 may precipitate. Formation of the latter is a slow process that 
may not be complete within the bounds of the chemical treatment system. Solids then 
will continue to form and be deposited in other sections of the plant, leading to various 
operating problems. This is an example of postprecipitation, which is mentioned again 
in Section 7.5.2.2C. 


7.5.2.1C. Simultaneous Precipitation of Calcium and Magnesium. Precipitated CaCOa, 
as explained in the preceding section, typically settles much more readily than does 
precipitated Mg(OH) 2 . In practice, raw brine contains both impurities and the two pre¬ 
cipitate together. The colloidal magnesium hydroxide can in this case occlude heavy 
CaC 03 precipitates. When the ratio of calcium to magnesium is sufficiently high and 
the precipitation process is operated correctly to produce composite particles with good 
characteristics, the end result is a precipitate that settles at a relatively high rate, leaving a 
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FIGURE 7.42. Residual concentrations of metals vs excess treat chemical concentrations. 


clear solution behind. Excessive agitation must be avoided, or coagulation of Mg(OH )2 
is disrupted and the rate of sedimentation becomes much lower. 

Since the reactions take place in concentrated brine, the solubilities of the precip¬ 
itated compounds are not the same as in water or very dilute brine. In both cases, they 
are “salted in”—^that is, their solubilities are higher in brine than in water. Increasing the 
excess amounts of the reagents will reduce the residual concentrations of hardness ions. 
However, classical mass-action laws do not apply precisely, and this technique, at least 
in the case of calcium, is less effective than might be expected. Figure 7.42 shows the 
decline in soluble concentrations with increasing concentrations of the treating agents 
[87]. The easy convergence of soluble magnesium concentration to zero can be viewed 
with suspicion when ppm residuals are important. 


7.5.2. ID. Precipitation of Sulfates. The chief anionic impurity in brines is sulfate. This 
can be precipitated along with the metals by adding a source of barium ion to the brine. 
Except for the addition of another reagent preparation system, there is no fundamental 
change in the brine treatment system. The new precipitate will add to the solids handling 
load, and because the system should be designed to operate with a very small excess of 
barium chemical, more time may be required to complete the precipitation reactions and 
to allow particle growth. 

There are two sources of barium that may be used to precipitate sulfate, BaCOs 
and BaCl 2 . The chloride is usually supplied as the dihydrate, BaCl2*2H20. This can 




552 


CHAPTER 7 


be dissolved in water and added as any other solution, BaCOs itself is nearly insoluble 
and must be handled as a slurry. It works only because the solubility of BaS 04 is even 
lower. The gradual dissolving of BaCOs to maintain a low concentration of Ba^"^ delays 
the precipitation reaction even more. Besides its easier handling and metering, BaCl 2 
when added to brine reacts faster. Commercial BaCl 2 has the advantage of higher purity 
and specifically has a lower strontium content. BaCOs usually has the important, if not 
dominant, advantage of lower cost, and it is also a source of the carbonate ion. It can 
precipitate both calcium and sulfate. 

Calcium ions also can precipitate sulfate. Barium is quite toxic and not as readily 
available as calcium. Barium has the added disadvantage of attacking anode coatings and 
can destroy their action. Calcium compounds are cheaper on a unit cost basis, but higher 
excess concentrations are necessary to achieve a given residual sulfate concentration. 
As a result, calcium precipitation often costs more than barium precipitation [60,88]. 
Another disadvantage of calcium is the fact that two brine clarifiers are required. The 
sulfate must be precipitated first; after removal of the precipitate, calcium itself must be 
removed. It will be seen below that the clarifiers are large pieces of equipment that can 
dominate the process-plant layout. 

This section is included here to make the discussion of precipitation more nearly 
complete. There are many other techniques for the control of sulfate in brine, especially 
in membrane-cell plants. Because not all these come under the heading “brine treat¬ 
ment” and because of its importance, sulfate control is the topic of a separate section 
(Section 7.5.7). There, the chemistry of calcium sulfate is explored in more detail. 


7.52.2. Plant Application of Precipitation Technology. This section begins with a dis¬ 
cussion of the sources of the major treating chemicals. It then turns to process operating 
parameters, the design of the reaction tanks, the use of polymeric flocculation aids to 
improve particle characteristics, and some of the specific considerations necessary when 
using carbon dioxide gas as the source of the carbonate ion. 


7.5.2.2A. Supply of Treating Chemicals. Carbonate solutions may be prepared from 
purchased solids or by the absorption on site of CO 2 from the gas phase. In order not 
to introduce a different kind of contamination, the cation accompanying the carbonate 
ion will normally be the same as that found in the alkali product of the plant. Na 2 C 03 
is used in NaOH plants and K 2 CO 3 in KOH plants. 

The CO 2 may be purchased or found in combustion offgas. In the latter case, the 
extent of absorption of other components of the gas becomes important. It is also possible 
to absorb CO 2 directly in the carbonate reaction tank(s). This is a specialized technique, 
described in Section 7.5.2.2E. 

A flue gas might contain about 10 % CO 2 ; gas vaporized from the liquid is of course 
nearly 100% CO 2 . The reaction of CO 2 with a large excess of caustic produces the 
carbonate: 


2 NaOH + CO 2 ^ Na 2 C 03 + H 2 O 
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Continued reaction with CO 2 produces bicarbonate: 

Na 2 C 03 -f H 2 O + CO 2 ^ 2 NaHC 03 

This route, properly controlled, is used in the commercial production of sodium bicar¬ 
bonate. When carbonate is the desired product, as in our application, bicarbonate should 
be avoided for two reasons. First, it reacts with caustic added later in the brine treatment 
process, leading to the back-formation of carbonate: 

NaHC 03 + NaOH Na 2 C 03 + H 2 O 

This complicates the control of the brine treatment process. Second, NaHC 03 is less 
soluble than the carbonate, and its formation can allow solids to deposit. The problems of 
bicarbonate formation disappear when the ratio of caustic soda to CO 2 in the combined 
feed to the process is correctly maintained. 

The reaction of CO 2 is exothermic. Standard apparatus for its absorption would be 
some sort of column. With a stoichiometric flow of caustic liquor through the column, and 
especially with pure CO 2 gas as the feed, internal temperatures may become excessive. 
A common practice therefore is to recirculate liquid from the bottom of the column 
through a cooler. 

Solid soda ash is widely available and is most economically supplied in bulk. Large 
users often also store the solid in bulk. Operators of small chlor-alkali plants may receive 
and handle packaged solid. 

Potassium carbonate is less widely available than its sodium counterpart. Since its 
manufacture is one of the chief applications of caustic potash, however, many KOH 
producers will have an internal supply. In years past, the reverse synthesis was practiced, 
the carbonate being the precursor of KOH through its reaction with hydrated lime. 

Carbonates received as solids are dissolved for use in the process. K 2 CO 3 is highly 
soluble, and there are few limitations for its use. Na 2 C 03 has a limited solubility, and 
more dilute solutions (< 10% w/w) are used when at ambient temperatures. Commercial 
soda ash is supplied in several forms with various bulk densities. “Light” ash has a 
bulk density of 0.7-0.8. With some reprocessing at the source, a densq grade with bulk 
densities between 0.85 and about 1.1 can be produced. This is easier to handle and 
requires less storage volume. 

When soda ash is received, it can be stored as a solid or as a slurry. The solid is not 
difficult to handle and can easily be conveyed, mechanically or pneumatically, to storage 
hoppers or silos. Few chlor-alkali plants justify, on the basis of rate of consumption alone, 
delivery by hopper car and large-volume storage. Pneumatic handling systems are then 
usually cheaper and more flexible. They are more easily sealed against intrusion by water, 
and dust control is simpler. They are best used when the delivery vehicle can be brought 
close to the receiving tank, and they are generally considered practical when the amount 
of soda ash to be handled is less than 10,000 tons a year, a number exceeded in very few 
chlor-alkali plants [89]. Figure 7.43 shows one of the more complicated arrangements, 
involving a pull-push system. This uses a collector/blow tank that alternately pulls 
material from the source and transfers it under pressure to the storage vessel. It can 
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Vehicle 

FIGURE 7.43. Pull-push conveying of soda ash. 



transport material over longer distances than simpler arrangements can, and it is included 
here as a general example of solids unloading. 

Slurry storage is in equipment especially designed for the service. Designs and 
technical service are available from suppliers. Figure 7.44 shows a typical arrangement. 
The soda ash, unloaded pneumatically, meets a stream of water in the contactor at the top 
of the tank. Clear solution from behind a baffle in the tank supplies part of the stream to 
make the wetting of the particles more efficient. Solution transfer to the process is also 
from behind the baffle. A scrubber for the air used to unload the soda ash is also required. 
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This is mounted on top of the tank and is fed with clean, heated water. Makeup water 
to a slurry storage vessel enters the bed through a bottom sparger system. The water 
should be soft in order to avoid precipitation of hardness by the carbonate. Precipitates 
will foul the bed and eventually require cleanout. The pump provides recycle when the 
rising water fails to become saturated on a single pass. 

Efficient operation of a slurry storage facility requires management of the levels of 
both the solid and the liquid phases in the tank. For process reasons, the depth of the 
bed should be sufficient to saturate fresh water. It should also meet inventory criteria. 
The normal liquid level and the location of the solution offtake nozzle set the maximum 
height of the bed. During withdrawal operations, the liquid level is constrained only by 
the location of the overflow. It must be returned to a lower point before accepting a new 
load of soda ash. 

Figure 7.45 is the phase diagram for sodium carbonate and water. Three different 
hydrates are involved, and there are phase transitions at 32°C and 35.4^C. The solid forms 
of most interest are the decahydrate (washing soda) and the monohydrate. The diagram 
shows that the solubility of the monohydrate is nearly thermoneutral. The solubility 
as Na 2 C 03 is about 33% at 36®C and 31% at 80°C. The inverse solubility prevents 
crystallization from a solution as it cools during transfer, and soda ash storage in the 
slurry form is usually as the monohydrate. The temperature in the tank should remain 
above 43^6°C to prevent transition to the hepta- or decahydrate. 

Dissolving soda ash is an exothermic process. Note that hydrate formation itself is 
also exothermic. This means that heat evolves even during the addition of solid material 
to a slurry or saturated solution. 



FIGURE 7.45. Sodium carbonate-water phase diagram. 
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Soda ash when stored in the dry form needs some protection from the atmosphere. 
It is slightly hygroscopic, and users must remember that the sodium oxide is not fully 
carbonated. Pickup of both CO 2 and water allows reversion to trona, which is the 
dihydrate of the sesquicarbonate, NaHC 03 -Na 2 C 03 - 21120 . 

Soda ash is an irritant to eyes, skin, and mucous membranes, and it is classified 
as a moderate health hazard. Material safety data sheets [90] contain information on 
protective gear and proper handling. 

The source of OH“ for precipitation of magnesium and other metals, except during 
initial startup, usually is the alkali produced in the plant, either NaOH or KOH, The 
alkali may also be used for ion-exchange regeneration and scrubbing or neutralization 
of chlorine from process vents. Once the plant is running, there will be an ample supply 
of high-purity material for all these cases. The only comments to add here are on the 
possibilities of using lower-grade material and on special requirements for plant startup. 

Where supplying hydroxide value to a process is the chief consideration, as in the 
treatment of brine to remove magnesium and other metals, and the full composition of 
the source is not important, the presence of salt in the treating solution is not a major 
disadvantage. In diaphragm-cell plants, therefore, the cell liquor before evaporation is 
frequently used instead of caustic soda. In chlorine scrubbing, cell liquor or even caustic 
purification waste liquor (Section 9.3.4.1) is a possible substitute. Caustic purification 
waste itself is too dilute for use as a scrubbing solution but can be combined with 
more concentrated material. This allows it to be put to some constructive use before 
disposal. The presence of non-caustic components will increase the volume of treating 
solution required as well as the total amount of dissolved solids to be disposed of from 
the scrubber system, and it may increase the freezing point of the used scrubber liquor 
to an undesirable degree. On the other hand, the cost advantages of using something 
short of the final product may be decisive. Along these lines, when caustic is used in a 
membrane-cell plant, it should be the cell product and not the evaporated grade. 

Many plants will need an external supply of caustic for startup. This must cover 
commissioning of the cells, run-in of piping and storage systems, commissioning of 
ion-exchange systems, and perhaps storage of membranes or assembled electrolyzers. 
Any good-quality commercial material produced in the same type of cell will suffice in 
most cases, and very often it will be manufactured on the same site as the new plant. 
When the new plant uses coated cathodes, a situation that has become the standard rather 
than an exception for membrane cells, there may be special requirements to add to the 
material specification. Depending on the cell manufacturer and the type of coating used, 
a low iron content, for example, may be necessary. This requires more careful selection 
of the startup supply and caustic-handling equipment. 


7.5.2.2B. Process Parameters. Figure 7.46 shows a typical chemical treatment process. 
Solutions of caustic and carbonate are stored in feed tanks. While direct use of Na 2 C 03 
slurry is possible, this diagram is based on solution feed. There may also be a preparation 
tank in which carbonate solutions are made offline. The caustic solution is received from 
the process, preferably before evaporation in a membrane-cell plant. A separate supply 
of a diluted solution (20% or less) is often used, and ion-exchange regenerant solutions 
are another possible source of treat liquor (Section 7.5.5.2B). 
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Caustic 

Tank 


FIGURE 7.46. Flow diagram for chemical treatment process. 


The treating chemicals are pumped from storage and blended with the raw brine. 
The reactions take place in agitated tanks. Multiple tanks, as shown in Fig. 7.46, are the 
industry standard. Their use reduces bypassing and allows staged addition of the reagents. 

With high-quality salts, the quantities of treat chemicals needed to provide the 
desired excesses often are more than the amounts consumed in the precipitation reactions. 
The process is monitored by analysis for the reagent concentrations in the treated brine. 
The analytical techniques are simple, and the usual practice is to have these checks run by 
the plant operators. Laboratory personnel perform more exhaustive analyses as required. 

While it is generally agreed that the carbonate excess should be more than the 
hydroxide excess, there is no firm agreement over the optimum levels. This reflects the 
inherent process variability referred to at the beginning of Section 7.5.2. Table 7.11 
presents general recommendations from six sources; optimum levels should be determ¬ 
ined for each plant and each brine supply. In our working examples of NaCl brine 
treatment, we use excess concentrations of 0.3 gpl NaOH and 0.6 gpl Na 2 C 03 . None of 
the sources used in the table should have strong objections to this combination. 

The precipitation/particle growth reactions of Eqs. (19) and (20) do not occur with 
the same speed. Magnesium reacts rapidly, while calcium is slower and requires times on 
the order of 1 hr for completion. Magnesium also tends to form light, fiuffy precipitates, 
while calcium gives dense, well-formed particles that tend to settle more rapidly. An 
important part of the art of chemical treatment of brine is the management of the structure 
of the particles. 

When calcium/magnesium ratios are high, the structures of precipitates tend to be 
more favorable. Fortunately, such high ratios are common and are the rule with rock 
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TABLE 7.11. Recommendations for 
Excess Treating Chemical Concentrations 


Reference 

NaOH Excess 

Na2C03 Excess 

Anonymous 

0.25 

0.7 

Eimeo 

0.05-0.1 

0.35-0.75 

Bommaraju 

0.4 

0.6 

Liederbach 

0.1-0.5 

0.2-0.5 

Sutter 

0.1-0.3 

0.15-0.5 

Weston 

0.3-0.5 

0.5^.8 


Note: All data in grams per liter. 


salts. Low ratios, which are more characteristic of solar salts, have more tendency to 
produce bulky, irregular particles that settle very slowly. When the Ca/Mg ratio is low, 
some operators deliberately add calcium in order to improve the settling behavior of the 
combined solids. 

There is some controversy over the best locations for addition of the treat chemicals. 
One point of general agreement is that the hydroxide should not be added before the car¬ 
bonate. Some technologists favor simultaneous addition of both agents at the beginning 
of the process. Others argue that if magnesium is precipitated at the beginning it will 
form its bulky floe and settling will be slow. It is better, according to this argument, to 
react calcium first so that the magnesium can precipitate quickly onto particles that are 
already formed. Later addition of OH" also means less exposure to shear and less time 
for degradation of the Mg(OH) 2 . Still another approach is to add both chemicals in two 
stages. This has the advantage of reducing the amount of nucleation at the beginning 
of the process. With fewer particles formed, average size must be greater. On the other 
hand, the residence time for the material added in the second stage is reduced. The design 
engineer’s response to all these permutations and the inherent variability in some salt 
supplies is to add flexible hoses or a small amount of piping and a few valves to give the 
operator various options. 

The different recommendations for addition points reflect the fact that precipitation 
is more art than science. Test data on the raw brine that is to be used in a plant are 
essential if the best design is desired. Since one objective of the precipitation process is 
to give solids that settle and then filter easily, testing should include those operations as 
well. Furthermore, changes in raw material should be made with caution. If a plant is to 
be designed for more than one salt, all should be tested. Laboratory test data may already 
exist for some salts. Operating data from another plant of known design may also be 
sufficient. If the salt supply to an operating plant is to be changed or supplemented with 
an alternative supply, test data, again, should be obtained. 

Example. The treated brine flow is about400 m^ hr” ^. The desired concentration of NaCl 
is 300 gpl. Strictly speaking, this concentration is expressed at the standard laboratory 
analytical temperature, not at the operating temperature. We ignore the difference here, 
because it is within the approximation made on the flow rate. The excess concentrations 
of Na 2 C 03 and NaOH, respectively, are 0.6 and 0.3 gpl, or 0.2 and 0.1% of the NaCl 
concentration. 
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The hourly flow of treated brine therefore contains 400 x 300 = 120,000 kg NaCl, 
along with 240 kg of Na 2 C 03 and 120 kg of NaOH. Since only about 45% of the NaCl 
is converted in each pass through the cells, 54,000 kg hr“^ is new (untreated) salt. Using 
our standard salt composition, we calculate, for example, that calcium sulfate is intro¬ 
duced at a rate of (17/9963) x 54,000 = 92.14kghr“^ By similar calculations, we 
find 21.68 kghr""^ CaCh and 16.26 kg hrMgCl 2 . The insoluble impurities amount to 
70.46 kg hr“^ Removal of the dissolved impurities is according to these reactions: 

CaS 04 + Na 2 C 03 Na 2 S 04 + CaC 03 

92.14 71.79 96.19 67.73 

CaCl 2 +Na 2 C 03 ^ 2NaCl + CaC 03 

21.68 20.72 22.85 19.55 

MgCl 2 + 2NaOH ^2NaCl -h Mg(OH )2 
16.26 13.66 19.96 9.96 

The total requirements for Na 2 C 03 and NaOH are 333 and 134 kg hr” ^ Note that the 
carbonate consumption is more than 3.5 times the stoichiometric quantity; with NaOH, 
the factor approaches 10. This is a bit extreme because of the low level of impurities 
assumed in our salt. However, it is common for the excess quantities to exceed those 
theoretically required. With the solution strengths we have chosen, the total flow of 
treating chemical solution is about 3.6 m^ hr”^ or 90 tpd. Very precise calculation should 
recognize the 1% increase in solution volume. With salts of lower quality, the increase in 
volume will become more important. The weight of solids precipitated is 97.2 kg hr” 
together with the insoluble impurities accompanying the salt, we have 167.7 kghr”^, or 
about 4 tpd of dry solids for disposal. 


7.5.2.2C. Design of Treatment Tanks. The tanks used for precipitation must first of all 
be sized to give the desired total residence time. Since one of the functions of the tanks 
is to allow particle growth, it is not possible to give a firm criterion. Once again, test data 
are desirable. At typical membrane-plant operating temperatures, it can be said that most 
of the calcium reaction will be complete in a fairly short time (10-15 min). However, 
since the goal is to produce brine with less than about 10 ppm of hardness, something 
more than 99% removal is usually required. The reaction should have time to go nearly 
to completion. While the rate of course will depend on the amount of excess reagent 
added, many plants allow from 45 min to more than 1 hr. Inadequate design or operation 
of the precipitation system can have any combination of several effects: 

1. incomplete removal of dissolved impurities from solution 

2. excessive formation of particles too small for removal by clarifier 

3. incomplete reaction/particle growth leading to postprecipitation in downstream 
equipment 

The first two are straightforward. They will increase the load on other equipment. Failure 
to add enough treating chemical will leave residual dissolved hardness in the brine. This 
will reduce the safe operating time of the ion exchangers and perhaps increase the rate 
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of ionic leakage through the beds. Precipitation from the solution to form a particle of 
useful size, however, is not simply a matter of a chemical reaction with kinetics that 
could be determined. It also requires growth of that particle to a certain size above 
the colloidal range. Excessive amounts of fines will reduce the effectiveness of the 
filters. The third effect, postprecipitation, is more subtle and complex. It, too, can place 
demands on other systems that they are not designed to handle. It is a result of the long 
time scale sometimes involved in the formation of true solid particles. If precipitation 
conditions are less than ideal, this time will be extended. Very small particles or nuclei 
formed in the precipitation tanks can fail to settle in the clarifier but continue to grow 
very slowly and reach a size that allows them to deposit later in the process. As an 
example, continued precipitation into and beyond the filter system can deposit solids 
in the ion-exchange beds. These will act as filters with certain efficiency and capture 
some fraction of the particles. Any solids passing through the beds or forming later can 
cause problems in the cells by depositing at line restrictions and interfering with flow 
distribution or partially redissolving after acidification of the brine. In the latter case, the 
released cations can harm the membranes. The particles trapped in the ion exchangers 
can shorten the operating cycle by increasing the pressure drop, cause channeling in the 
beds and so reduce their efficiency, or redissolve in fresh brine or acid regenerant and 
unfavorably affect the equilibrium of the exchange or regeneration process. 

Treatment tanks are constructed of FRP, an FRP composite, or lined carbon steel. 
Rubber or epoxy resin linings are the most common and in certain cases may be applied 
only to the parts of the tanks that come into contact with air or oxygenated brine. Phenolic 
and coal tar-based epoxies are satisfactory materials. The tanks may have open tops or 
be covered. Even open tanks need a structure to support their agitators, and walkways 
should be virtually solid in order to limit contamination. Open tanks also allow thermal 
shock and dilution by snow and rainfall. 

Some have argued that the clarifier itself acts as a reactor with a contact time 
measured in hours. This is a fallacy when applied to the clarified brine portion. Most 
of the separation between sludge and supernatant brine takes place quickly. The solids 
population in the clear brine is very low, and there is little opportunity for particle growth. 
Any further reaction in the clarified brine therefore tends to give particles that are too 
small to settle. 

Bypassing of some of the brine through the treatment tanks defeats their purpose. 
The first line of defense against this is to provide multiple tanks. Most systems have 
two or three. In the design of the tanks and their agitators, there should also be some 
effort to approach plug flow through the tanks. Vigorous agitation works against this 
goal, and so any agitation should be mild. Its purpose is to ensure blending and to allow 
contact of reagents and growing particles, not to produce great turbulence. Volumetric 
power input should be low, on the order of 0.03-0.15 kW m”^. There is no universal 
agreement among operators on the best tank geometry and agitator for the application. 
Many different designs are used. There are a few general principles: 

1. rotational rates and tip speeds should be low (usually <4ms”^) 

2. flat blades and radial-flow turbines are preferred to propellers 

3. maximum impeller diameter is about 0.3 times tank diameter 

4. dual impellers may be used, separated by about half a tank diameter 
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5. height-to-diameter ratios of the tanks should not be low (minimum of 1.0) 

6, inlets and outlets should be separated both in height and in orientation 

Some tanks are designed with horizontal baffling to create a number of layered zones 
and so to improve the approximation to plug flow. These may use low-speed flat-paddle 
agitators with diameters close to that of the tank. Liederbach [40] recommends flow into 
the top of a tank and out the bottom, and Sutter [53] provides sketches indicating the 
same approach. 

With multiple tanks, flow from one to another can be through external pipelines or 
internal legs. The internal leg can be a pipe installed inside the tank or a baffled section 
incorporated into the tank wall. The latter is more complex but less disruptive of agitator 
flow patterns. Installing the tanks at different heights or with their overflow connections 
at different levels allows the brine to cascade through them under gravity flow. The last 
tank should overflow into the clarifier feed well. A semicircular or rectangular trough, 
kept open or fitted with an easily removable cover for easy cleaning, can be used to carry 
this last flow. FRP, properly supported, is a suitable material of construction. 

Certain brines have excellent settling characteristics when treated. These include 
many of those produced from US Gulf Coast rock salt and brine wells. The problem 
of treat tank design becomes much simpler, and single-tank systems have been used 
effectively. 

Example. With a flow of400 m^ hr“' and a retention time of 50 min in a tank, the volume 
is about 333 m^. With L/D = 1, the length and diameter are nearly 7.5 m each. We allow 
an extra 0.5 m in height for freeboard and an overflow launder. We use two impellers 
on the agitator shaft, 2.25 m in diameter and about 3.5 m apart. The rotational speed is 
25 rpm, giving a tip speed of 3 m s“^ 


7.5.2.2D. Use of Flocculating Agents. The character of the solids formed in the treat¬ 
ment tanks determines the efficiency of the next step in the process, brine clarification and 
sludge thickening. The treatment tanks are sized to promote particle growth, but many 
brines have unsatisfactory compositions, making it difficult to produce solids with good 
settling characteristics. Many plants therefore use flocculating agents to improve the situ¬ 
ation. These are polyelectrolytes. The polymers most frequently used with chlor-alkali 
brines are those based on acrylamide and acrylic acid. 

Probably any brine can benefit from the proper use of flocculants [53], but well- 
behaved brines profit little and do not justify the complication. Poorly performing brines, 
on the other hand, can have settling rates improved several-fold. Sutter recommends 
using flocculating agents when the calcium/magnesium ratio is less than two and adding 
them at approximately the midpoint of the treating system. When there is more than 
one tank, the flocculating agent is added after the carbonate and before or along with 
the hydroxide. As was the case with the addition of precipitants, there is controversy 
over the best location of the addition point. Some recommend addition of flocculant 
near the end of the process and even in the feedwell of the clarifier. Sometimes, a flash 
mixer attached to the clarifier is used for efficient dispersion. Coin [6] cites a report by 
Bryant [91] on tests with a brine whose Ca/Mg ratio was about 1.4. Results showed that 
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an acrylic polymer was much more effective than starch and that adding the polymer 
after 20 min reaction time was more effective than adding it to the raw brine. 

Flocculant dosage rates are quite low; 2 ppm in the brine is a typical figure. Solutions 
are added to the brine by metering pumps, usually manually controlled. Several different 
agents are used successfully in the industry. 

Usually, flocculating agents are received as solids or thick liquids. They are dis¬ 
solved or diluted to low concentrations because the viscosity of polyelectrolyte solutions 
can be quite high. This can make it difficult to wet and disperse the material properly. The 
result of improper dispersion is the formation of lumps that dissolve extremely slowly 
and that are not effective in the process. A supplier reports that dilute solutions of a 
flocculant often give superior results and that multiple-point addition of the flocculant 
can improve its contact with the brine [91]. The polymers are sensitive to shear, and the 
agitation process must be chosen with care. Turbulence at the addition point(s) should 
provide good dispersion but not break the floes. 

Choice of a flocculating agent requires consideration of the ionic form and the 
molecular weight of the polymer. The mechanism of flocculation involves the forma¬ 
tion of bridges between particles. Longer chains are able to attach themselves to more 
particles, and so higher molecular weights should be more effective. The acrylamide 
polymers usually have molecular weights of 10 million or higher. High molecular weight 
aggravates the problems of dissolving and dispersing the polymer. Also, too high a con¬ 
centration of flocculating agent reduces the opportunity for crosslinking and so reduces 
its effectiveness. 

Rocculants also differ in their ionic form [92]. Polyacrylamide itself is a nonionic 
agent. Its monomer is usually copolymerized with another material to supply some ionic 
character to offset the ionic charge of the particles to be flocculated. In brine treatment, 
anionic materials, based on acrylic acid as comonomer, usually give better results. 

The best approach is to seek and follow suppliers’ recommendations on handling of 
their products. Suppliers’ data also help in the preliminary selection of an agent, but best 
results usually require testing on plant brine. Previous experience with similar brines is 
also very valuable. Finally, the flocculant selected must not have any deleterious effects 
on the operation of the cells when present in a recycle brine stream. In a membrane-cell 
plant, preference should be given to those that have been shown to be compatible with 
the membranes. 

When agglomerates form in brine as a result of the addition of a flocculant, they 
tend to trap liquid within their structure and in the irregularities on their surfaces. While 
clarification is enhanced, therefore, thickening may suffer. The concentration of the 
sludge produced in the clarifier may be reduced. The same will be true with some of the 
modified clarifier designs discussed in Section 7.5.3.3. 


7.5.2.2E. Use of CO 2 Gas. Carbon dioxide can be used directly in brine treatment as 
the gas. Since hydrolysis of CO 2 tends to produce carbonic acid and therefore consumes 
OH“, the equivalent amount of hydroxide must also be added to the system: 

C02+H20^H2C03 

H 2 CO 3 + 20 H- ^ CO^~ + 2 H 2 O 
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Carbon dioxide may be supplied as the liquid and then vaporized in standard apparatus 
for injection into the treatment tanks, or it may be recovered from a flue gas. 
In the latter case, the presence of impurities is an obvious concern. In a few plants, 
carbonate sludge is digested with acid to regenerate the CO 2 value, and this gas can 
also be used. 

The CO 2 may be used directly in the process or may first be absorbed into a 
caustic solution to produce Na 2 C 03 or K 2 CO 3 . In the latter case, absolute precision 
in stoichiometry is not necessary. While variations in composition can cause problems 
in process control, any deficiency in CO 2 content of the solution will result in some 
hydroxide value accompanying the carbonate. This is compensated for by reducing the 
amount of caustic solution added to the brine. If the CO 2 content is high, there will 
be a certain amount of bicarbonate present. This will consume OH~ when the caustic 
solution is added, and so the flow rate of that stream will have to be increased. This 
regenerates late in the process and is more undesirable than the opposite error. 

The latter situation is the same when the gas is used directly in the treatment tanks. 
While the absorption process is a simple one, some care is necessary to provide a good 
situation for mass transfer without excessive agitation of the liquor. The need to provide 
NaOH along with the gas also changes the mathematics of control of the excess con¬ 
centration of caustic. The amount present as excess, which is the controllable portion, 
becomes a smaller fraction of the whole and the precision of its addition must increase. 

Comparative economics of the forms of carbonate value available to a plant will 
determine the best choice. Providing the option to use direct CO 2 adds some flexibility 
to the operation and allows more variation in the caustic/chlorine ratio in the plant’s 
output. By consuming some of the caustic, it can make possible the production of more 
chlorine during times when sales of caustic are slack. 

Example. From the previous example, we know that our reference plant requirements 
are 134kghr“^ NaOH and 333kghr“^ Na 2 C 03 . If we use CO 2 gas for treatment, the 
reaction 


CO 2 + 2NaOH ^ Na 2 C 03 -h H 2 O 

shows that we need 138 kg hr”^ of the gas and an additional 251 kg hr”^ of NaOH in 
place of the carbonate. The total consumption of NaOH becomes 385 kg hr“\ more than 
9 ton per day and close to 1. 2 % of plant output. 

The NaOH required to maintain the concentration of 0.3 gpl in the treated brine, 
which was about 8.5 times as great as the stoichiometric requirement, is now only 45% 
of that quantity. This is not low enough to cause a serious problem in controlling the 
excess, but part of this fortunate situation is due to the high purity of the salt being used. 
If we were to use a Northern US rock salt with 1.56% CaS 04 and 0.20% MgS 04 , the 
stoichiometric requirements would be about 71 kg hr”^ NaOH and 674 kg hr”^ Na 2 C 03 . 
In-situ generation of the carbonate would consume 380 kg hr” ^ CO 2 and 690 kg hr”^ 
NaOH. The total usage of NaOH becomes 881 kghr”^ only 13.6% of which is the 
excess quantity. A fluctuation of 1% in the total feed rate of NaOH produces a 7.3% 
fluctuation in the residual excess. With a good control system and good valves, this is 
an acceptable situation, but the multiplication of the error is worth noting. 
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7,5,3. Clarification and Thickening 

Clarification and thickening are two very closely related operations that come under the 
heading of sedimentation. Both involve the separation of a suspension of solids into a 
relatively clear liquid and a more concentrated suspension. The emphasis in continuous 
clarification is on the absence of solids in the clear liquid overflow; the emphasis in 
thickening is on achieving a high solids concentration in the underflow. The purpose of 
the clarifier in brine treatment, as the name suggests, is primarily to produce clear brine 
for further processing. At the same time, there is an incentive to produce a concentrated 
suspension of solids in order to minimize raw material losses and the costs of processing 
the sludge. The two goals are not incompatible, but adding to the demands on an operation 
always increases its cost. A clarifier/thickener, for example, is more expensive than a 
simple clarifier because of the greater volume required and the extra stress placed on an 
agitator and drive by a high solids concentration. 

Figure 7.47 is a simple flowsheet of the brine clarification process. The clear liquid 
overflows into a pump tank and is forwarded to the brine filters. The sludge from the 
bottom of the clarifier is removed for disposal. Consideration of what happens during 
batch sedimentation will give some understainding of this continuous process. Figure 7.48 
shows that when a uniformly mixed slurry placed in a container is allowed to settle, 
the falling particles soon reach their steady-state velocities, A clear supernatant layer 
quickly appears, as indicated by zone I. Particles close to the bottom gradually form a 
compressed layer with a higher solids content (zone III). In zone II, the particles fall at 
constant velocity. The concentration of solids in that zone therefore remains constant. 
With time, zones I and III grow at the expense of zone II. When zone II disappears, 
the only sedimentation occurring is the slow compression of zone III. There, the solids 
concentration continues to increase as the particles in the bottom layer compress one 
another and force more brine out of the interstices. Figure 7.49 is another depiction 



FIGURE 7.47. Flow diagram for clarification process. 
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FIGURE 7.48. Batch settling of suspended solids. 



FIGURE 7,49. Zone concentrations and boundaries in batch settling. (A) Height of interface between zones 
I and II; (B) Concentration of zone III; (C) Concentration of zone 11; and (D) Height of interface between 
zones II and III. 


of the batch process, showing the gradual convergence of the two interfaces and the 
different behavior of the concentrations in zones II and III. 

Real systems do not display the sharp boundaries of Fig. 7.48. One reason is that 
no real system is monodisperse and therefore individual particles do not all settle with 
the same velocity. Other reasons having to do with process control are the normal fluc¬ 
tuations in continuous operation and imperfect distribution of flow across the clarifier. 
There are also external factors that oppose the settling of particles. These include thermal 
convection currents that arise from nonuniform temperatures and deaeration of the brine 
that leads to flotation of some of the suspended matter. To allow for these effects, it is cus¬ 
tomary to apply a safety factor to the calculated area. Seifert [93], for one, recommends 
using an area efficiency of 50%. 

Still, nearly all sedimentation processes follow in a general way the course of 
Figs 7.48 and 7.49. Time scales vary widely, and in the case of rapidly settling materials 
the existence of zone II may be quite short. The rate of settling and thus the time scale 
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FIGURE 7.50. Settling regimes as function of particle characteristics. 


depends on the characteristics of the particles. Discrete particles, such as those with 
well-formed crystals, have little tendency to cohere, and free settling continues even at 
fairly high solids concentrations. Other materials, especially organics and those with 
small or irregular particles of low sphericity, are more highly flocculent. They tend to 
form structured masses at lower concentrations and then to settle more slowly. Metal 
hydroxide precipitates such as Mg(OH )2 are usually of this type. Figure 7.50 is a qualit¬ 
ative representation of the situation. The character of the solid determines its place along 
the abscissa. More difficult materials form loose agglomerates of irregular shape and 
group themselves on the right. As particles settle and the solids concentration increases, 
the behavior of a suspension changes. A vertical line on the figure might represent the 
history of the settling behavior of a given material. More flocculent materials, located 
farther to the right, enter the zone settling and compression regimes, where they settle 
more slowly, at lower concentrations. The result is a longer settling time or, in a given 
apparatus, poorer separation of phases. 


7. 5.3,1. Fundamentals of Sedimentation. The complexities of the sedimentation process 
appear when the solids concentration becomes high enough for particle interactions to 
affect settling velocities. This does not occur in the clarifying zone of the typical brine 
clarifier, which is similar to zone I in Fig. 7.48. We can expect design considerations 
there to be relatively straightforward. Ideally, the overflow will be free of suspended 
solids. Practically, there is a limit fixed by the smallest particle that can settle under the 
influence of gravity against the velocity of rising brine. The first consideration in sizing a 
clarifier then is to provide enough area to reduce the upward velocity of brine to a suitable 
value, below the settling velocity of all but the very smallest particles. Section 7.5.3.1A 
derives the equations that apply to this upper, or free-settling, zone. 

As the solids concentration increases in the lower zones of a clarifier, the particles 
must settle through a suspension rather than through a clear fluid. The liquid released 
from the floe or displaced by a falling particle must follow a more tortuous path upward 
into the clear zone. The increased frictional drag reduces the rate of displacement, 
and the particles fall more slowly. This is the zone of hindered settling, analyzed in 
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Section 7.5.3.IB. It is necessary to size a thickening zone so that the upward velocity 
of the brine does not exceed the settling velocity (relative to brine) at any section in the 
lower zones. 

At the bottom of the thickening zone, the particles enter the compression zone. 
This is equivalent to zone III in the batch test. Further settling now depends on the slow 
compression of the collected floe under the weight of the accumulated solids. This weight 
gradually squeezes the fluid out of the mass and allows it to return to the higher sections. 
The nature of the precipitated solids controls this process. Highly flocculent materials 
(to the right in Fig. 7.50) develop a structure at low concentration (about 5%). They 
resist dewatering and produce dilute underflow. The actual underflow concentration will 
also be influenced by the details of mechanical design of the unit and by the rate of 
withdrawal of the bottoms. While the clarification capacity depends primarily on the 
cross-sectional area of the confining vessel, the thickening capacity depends also on the 
height of the unit. 


7.5.3.1 A. Free Settling. Free settling occurs when there is no interaction between solid 
particles. This is true when the suspension is very dilute and is a good approximation to 
what happens in the clarification zone. The force balance on a particle falling through a 
fluid involves gravity, buoyancy, and friction. The net downward force is 

F = mg-wg- (21) 


where 

m = mass of the particle 
g = acceleration due to gravity 
w = mass of fluid displaced by the particle 
Fr = frictional resistance force 

An expression for the frictional force appeared in Newton’s Principia: 

Fr = fApv'^/2 (22) 


where 

/ = proportionality constant 
A = representative area of the particle 
p = density of the fluid 

V = downward velocity of the particle relative to the fluid 

If the particle is a sphere, the representative area can be taken as its projected area 
7 rO^/4, and then 


= fynD^pv^/S 


( 23 ) 
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where 

/d = friction factor 
D = diameter of particle 

When the falling particle reaches its maximum, or steady-state, velocity, the net force 
acting on it is zero. Then we can write 


mg-wg = Fr 

{nD^/6)g{ps-p) = (24) 


where 

Ps = density of solid particle 

Um = maximum or steady-state velocity 

Dividing through by the particle volume 7rZ)^/6, we have 

g{p, -p)= 3/dp4/4£> (25) 

The terminal velocity for falling spheres becomes 

Wm = [4(Ps - P)^0/3 p/d]^/^ (26) 

If Vm does not exceed the upward velocity of the brine, a particle will be carried up and 
into the clarifier overflow. 

This derivation has not considered whether the flow of the fluid around the sphere 
is laminar or turbulent. With no a priori way to evaluate /d, Eq. (26) has no general 
analytical solution. In the 19th century, however, Stokes considered the restricted case 
of laminar flow, which prevails in brine clarifiers. He showed that the force resisting the 
laminar flow of a spherical particle is 

Fr^StcDpv (27) 

where (i is the viscosity of the surrounding fluid. Substituting this in Eq. (21) and 
following the procedure used above leads us to 

g{ps - p) = \^p.Vm/D^ (28) 

and 

I'm =g{Ps- p)£>^/18p (29) 

Equating the right-hand sides of Eqs. (25) and (28) gives the friction factor in terms of 
the Reynolds number, which is defined as Re = Dpvxa/P'- 


/d = 24/Re 


(30) 
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Equation (29) would appear to tell us what is required for efficient clarification. The 
most important term, because of its exponent, is the particle diameter. This is why 
it is so important to allow particles to grow during precipitation. The density of the 
solid particle should also be maximized. There is a fundamental limit at the true solids 
density, but it is possible to approach this if the process forms particles free of voids and 
with compact structure. Also important, although not shown in an equation developed 
for spherical particles, is the question of shape. Irregular particles will develop more 
frictional resistance and be more likely to be carried out of the clarifier by the rising flow 
of brine. 

Equation (29) also implies that the fluid density and viscosity should be minimized. 
This suggests that clarification should improve at higher temperatures. One argument 
against this is the increasing solubility of some of the solid species (Fig. 7.42). More to the 
point in this development is that increased temperature, while increasing the difference 
in densities and reducing the frictional resistance to fall of the solids, also increases 
the rate of heat loss from the system. Nonuniform temperature in the clarifier results in 
thermal convection currents. These upset the streamline flow of solids toward the bottom 
of the clarifier and increase the turbidity of the overflow. 


7.5.3. IB. Thickening. Since settling velocities in a thickening zone depend on the nature 
of the particles and the ways in which they interact, there is no way at present to pre¬ 
dict results from first principles. The settling of masses of solid from a liquid is a 
complex process involving agglomeration and several possible mechanisms of com¬ 
pression of the agglomerates. The theories used to correlate the results obtained in 
thickeners go back to the work of Coe and Clevenger [94], in 1916, and of Kynch [95], 
in 1952. 

Coe and Clevenger considered the basic material balance on a steady-state 
process: 


Gf-Go + Gu (31) 

Gf — C'oGo ^uGu (32) 

where Q is the flow rate of the suspension or solution, m^ hr~\ and C the concentration 
of suspended solids, kgm“^ of suspension, and subscripts f, o, and u denote feed, 
overflow, and underflow, respectively. 

It is clear that the upward velocity at every level in the sedimentation zone must be 
no greater than the rate of sedimentation of the precipitate: 

Go/A < R (33) 

where A is the cross-sectional area of thickener, m^ and R the sedimentation 
rate, mhr“^. 

A stable boundary between the settling zone and the thickening zone is important for 
normal continuous operation; that is, the rate of introduction of solid to any section in the 
thickening zone must be equal to the rate of discharge of solid in the underflow (assuming 
essentially no solids in the overflow). In this region, the velocity of sedimentation depends 
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on the solids concentration, which changes with vertical position in the settler. We can 
write, at any position, 


R^Rc 


where the subscript c denotes the value of /? at a particular concentration. The cross- 
sectional area required to permit settling at the concentration c is 

Ac = (CfQf-CQ^)/CRc (34) 

The Coe/Clevenger method uses experiments run on suspensions of dilferent consist¬ 
encies ranging from feed concentration to desired underflow concentration. Each solids 
concentration tested allows calculation of a cross-sectional area by the method described 
above. This calculated area will exhibit a maximum at some particular concentration, 
and this is the critical concentration that fixes the cross-sectional area required in the 
thickening zone. 

The need to vary the feed concentration in the batch tests is a disadvantage of 
the Coe/Clevenger method especially when studying the use of a flocculant, because 
the average floccule size depends on the solids concentration. It will be different in 
each experiment. The Kynch method, on the other hand, requires only a single curve of 
interfacial level vs settling time, continued from the expected feed concentration until the 
desired final concentration is reached. Such a curve generally has two inflection points, 
corresponding to the boundaries between the regions in Fig. 7.50, The lower inflection 
point, or “compression point,” is a key value in a Kynch analysis. Sometimes, it is not 
easily identified on a simple plot of height vs time. It may be easier to detect on a log-log 
plot or on a plot of log(// — //qo) against time, i/oo being the assumed or empirically 
determined height of settled solids after “infinite” time, 

Fitch [96] points out that one fallacy in the Coe/Clevenger development is that, in a 
batch test, the compressed layer at the bottom continuously increases in height and has 
some effect on the behavior in the line settling zone above it. This fact is not accounted for 
in the standard calculations. Moreover, under certain conditions, clusters of solids break 
up into something similar to aggregative fluidization. The assumption that the settling 
rate depends only on concentration then breaks down. Fitch recommends the Talmadge 
and Fitch [97] method, also based on Kynch’s work [98]. This uses the same plots of 
interfacial height against settling time. The first task is to estimate the concentration at 
which thickening starts and the rate of settling begins to drop rapidly. The rate of settling 
at this critical concentration becomes the basis for sizing the clarifier. Figure 7.51 shows 
the graphical technique. A tangent is drawn to the batch settling curve at time zero. This 
is fairly easily defined, because the settling rate tends to be constant for some time from 
the beginning of the process. A second tangent is drawn to the curve near the end of the 
process. This will not be far from the horizontal. The two tangents intersect at an angle. 
The bisector of this angle meets the settling curve at the critical concentration Q. The 
coordinates of the point are Oc and He. 

First, it is necessary to establish a batch settling curve that shows the height of the 
slurry/clear liquid interface as a function of time. Foust et al. [99] show how to convert 
this to a curve of settling rate vs concentration. The latter can then be used to calculate 
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FIGURE 7.51. Talmadge and Fitch analysis of settling data. 


the solids flux vs concentration. In a continuous thickener, the total flux is the settling 
flux determined by the batch test plus the underflow flux. The latter is a parameter chosen 
by the designer. The total flux reaches a minimum, Fl, at the limiting concentration Cl 
and is used along with the feed rate and initial concentration of the slurry to calculate 
the minimum acceptable cross-sectional area of the thickener. 

Having established Oc and Hq, we recognize that the mass of solids in the test 
cylinder remains constant, and so 


CqUo — CqHc — CuH\x 


(35) 


where 

C = slurry concentration at any level 

H = height of interface corresponding to C 
o, c, u = initial, critical, and underflow 

The designer specifies the underflow concentration. The thickening process consists 
in increasing the concentration of the slurry from Q to Cu. This occurs by squeezing 
out brine in the volume 


V = A(/fc - Hu) (36) 

where A is the cross-sectional area of the thickener. The time required for this to occur 
is Ou — Be ^ The average volumetric flow rate, L, is then given by 


L - V/iBu - Be) = A(Hc - Hu)/{Bu - Be) 


(37) 
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Then we have 


0^-0c = A{Hc - Hu)/L 


(38) 


The (negative) slope of the tangent to the settling curve at the critical point is the critical 
velocity Vc- Construction of this tangent gives the y-intercept Hi and we have 


Vc = {Hi - //c)/^C 


(39) 


Now the clear liquor upflow rate in a continuous thickener must be less than Vc. If it 
were higher, the layer of critical concentration would not be able to settle against the 
rising liquor. So, the flow at time Oc, when thickening starts, is 

L = AVc = A{Hi - //c)A (40) 


We now have two expressions for L. Equating them. 


(//c Hu)/(^u “ ^c) = (Hi - H^)/ec 


(41) 


Again, by a mass balance we have 


= //oCo/Cu 


(42) 


and we can then solve for the time required to reach the underflow concentration: 


= {Hi - HM{Hi - He) 


(43) 


The required area then is 


A — LqOh/ Zq 


(44) 


where L© is the volumetric rate of flow of slurry to the thickener. The value of 0^ can also 
be determined graphically by producing a horizontal line at height and extending it 
to its intersection with the critical tangent. This is marked on Fig. 7.51. 


Example, We consider the following data obtained in a batch settling test in a two-liter 
graduate [99]. The starting height at the 2,000-ml mark is 40 cm. 
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Time (min) 


1 

2 

3 

4 

5 

6 
8 

10 


Level (ml) 


1,950 

1,850 

1,750 

1,650 

1,550 

1,450 

1,260 

1,100 


Time (min) 


12 

15 

20 

30 

40 

60 

90 

120 


Level (ml) 


975 

800 

590 

440 

375 

300 

265 

250 


Figure 7.51 is the settling curve, in which the level data have been transformed from 
ml to cm. We note incidentally that the apparent rate of settling at zero time is not the 
maximum rate. Probably the onset of settling is delayed by initial turbulence generated 
by filling the cylinder or residual turbulence after agitation. The “tangent” constructed 
is in fact a line whose slope matches the constant-rate zone from 1 to about 7 min. The 
two tangents meet at about (17.5, 5.3). The angle bisector then cuts the settling curve 
at (27, 9.25). This point identifies the critical solids concentration Q. In the example, 
it is about 4.3 times the starting concentration Cq. The tangent to the settling curve at 
the critical point cuts the //-axis at 15.7 cm, and this is the value of H \. As in previous 
examples, we take the flow of brine to be 420 m^ hr“^. In units that match those used in 
the table above, this is 7,000,000 ml or cm^ min~^ Since the starting height is 40 cm, 
we have Lq/Hq = 175,000 cm^ min”^ The required area now depends on 0^- If we 
set Hu = 250 ml or 5 cm, ^ 44 min, and the required area is 770 m^, corresponding 
to a diameter of 31.3 m. This matches the 30-33 m called for by arbitrarily fixing the 
rise rate of brine in the clarifying zone, as in the following section. This outcome can 
be regarded as something of a coincidence, since the size in this calculation is fixed by 
the designer’s choice of the underflow concentration. In reality, it can be attributed to 
the fact that practical choices are limited to a rather small range and the calculated 
size is not strongly dependent on the choice of underflow concentration. Changing the 
underflow concentration (and therefore the value of H^) by 10% in this case changes 
the diameter of the clarifier/thickener by only 1%. The discussion of sludge removal 
in Section 7.5.3.2D mentions other limitations on the real concentration of the clarifier 
underflow. 

While this method in theory gives the clarifier size from a single test, the inherent 
variability of the physical system and the vagaries of graphical analysis make replication 
worthwhile. A series of tests also will help one to optimize the extent of addition of a 
flocculant. 

This method is easily adapted to the nonlinear plots discussed above. It is obviously 
empirical, and Fitch [100], writing years later, stated that there still was no satisfactory 
theoretical method. The designer’s best recourse is to work closely with equipment 
vendors and to allow a safety factor in the assumed concentration of the underflow. 

Sometimes, flocculation of particles is useful by increasing the rate of sediment¬ 
ation. With typical brine precipitates, the flocculants most frequently used are acrylic 
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Concentration of Flocculant (mg/l) 


FIGURE 7.52. Effect of flocculant concentration on rate of thickening. 


polymers, and their practical application is discussed in Section 7.5.2.2D. The optimum 
fractional coverage of particles with flocculant is said to be about 0.5 [101]. Figure 7.52 
shows the effect of the addition of an anionic flocculant to saturated brine contain¬ 
ing Mg(OH )2 and CaCOs precipitates [102]. The use of 1 mg polymer per gram of 
solid, or 2 mg L"^ of brine, decreased the time to 50% thickening by a factor of about 
three. 


7.5.5,2. Standard Brine Clarifiers, A standard clarifier design in the chlor-alkali 
industry is cylindrical with a shallow conical bottom (Fig. 7.53). Brine enters the top 
through a circular feed well that carries it some distance down into the clarifier. Clarified 
brine overflows the entire periphery of the cylinder. The solids, under the influence of a 
slowly rotating rake, leave the center of the bottom cone as sludge. 

The treated brine handled in the clarifier is alkaline and not highly corrosive. At least 
in diaphragm plants, carbon steel often can be used as the major material of construction. 
Since brine is more corrosive in the presence of oxygen, those parts near or above the 
water line are sometimes coated. With mercury or membrane cells, there is also the 
possibility of pickup of harmful elements to be considered. It is common practice to use 
coated walls and rubber-covered internals in these cases. When clarifiers are installed 
at grade level, the bottoms are frequently of concrete. This too is more characteristic of 
diaphragm-cell plants. Membrane cells can be damaged by pickup of such compounds 
as sulfates and silica. 
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FIGURE 7.53. Standard brine clarifier/thickener. 


Underwater mechanisms should be designed to the standards used for bridges and 
buildings. High-strength steels may be used for large spans, heavy launders, and the 
like [93]. FRP appears frequently in overflow channels, feedwells, baffles, and weirs. 

The upward velocity of clarified brine toward the overflow is referred to as the 
“rise rate.” Strictly speaking, this should be the volumetric flow of only the overflowing 
brine through the cross-section of the clarifier vessel minus that of the feedwell. In 
practice, it is often taken as the total flow of brine over the area of the clarifier vessel. 
This approach therefore contains two errors, which are usually not large and which are 
always partly offsetting. The choice of a design rise rate determines the diameter of a 
cylindrical clarifier. Choice of the rise rate will depend on many factors, some of which 
are discussed below. A typical value would be 0.5 mhr”^ [53]. In that case, Eq. (29) 
predicts that particles smaller than about 15 p.m in diameter will pass through the clarifier 
along with the brine. 

Increasing the height of the sludge in the clarifier allows more time for compression 
and separation of liquid from the suspension. Continuing to increase the height would 
first become uneconomic and finally counterproductive, as the underflow would become 
too concentrated to flow easily. Most brine clarifiers have sidewall depths between 3.0 
and 5.5 m. In a normal situation in which brine flows by gravity, the height of the clarifier 
affects the elevations of the treatment tanks and salt dissolvers. 


7.5.3.2A. Feedwells. Figure 7.53 shows the usual arrangement in which brine is brought 
into the top of the clarifier near its center. This flow could produce turbulence in the cla¬ 
rified brine and even result in some bypassing. These effects are mitigated by installation 
of a center feedwell. This dissipates the velocity of the feed stream by forcing the brine 
to flow radially from the bottom of the well and then vertically upward through the cla¬ 
rifier. The velocity in the feedwell itself is not high; conditions should favor continued 
flocculation, not disturb it. Typical cross-sectional areas in conventional clarifiers are 
less than 5% of the clarifier area. Corresponding velocities are of the order of 10 mhr“^, 
giving Reynolds numbers of 5-20,000, so that there is only mild turbulence within the 
feedwell. 
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In some feedwells, the stream is divided into halves which are introduced tangen¬ 
tially and in opposite directions. This destroys momentum by producing a turbulent zone 
where the two streams meet. 

Increasing the depth of the feedwell reduces the probability of bypassing. Extending 
it well into the compression zone forces the brine to rise through the solid bed in order 
to reach the overflow. This also helps to improve the clarity of the brine produced by 
adding a filtering mechanism to the process. 


7.5.3.2B. Overflow System Design. For best results, the flow of brine from the top of 
the clarifier must be smooth and evenly distributed around the periphery. This is possible 
only when the overflow device is level and there are no waves on the surface. 

Every effort should be made to install the clarifier itself with a level top. In addition, 
the overflow device should have some provision for establishing a level after its install¬ 
ation. Sawtooth-notched weirs are used frequently. They should be built in individually 
adjustable sections. 

With large clarifiers, there is a potential problem with the formation of waves on 
the surface of the clarified brine. These are caused by wind, and they can drastically 
upset the evenness of the overflow. The notched-weir type mentioned above gives some 
small protection against shallow waves. With a large open clarifier, it is good practice 
to add barriers to dampen these waves. Barriers might be rectangular pieces, such as 
planks of marine-resistant wood. When thermal insulators are floated on the surface 
(Section 7.5.3.4A), they also serve to dampen wave action. 

A simple overflow device, such as the notched weir mentioned above, allows the top 
layer to overflow. This is always subject to some degree of turbulence, and it will collect 
a layer of foam that contains some impurities. A submerged weir overflow [53] can 
overcome these problems and provide some protection against surface waves. A typical 
design is shown in Fig. 7.54. 

If the overflow rate is greater than the hydraulic capacity of the weir or launder, 
the clarifier will flood and no longer function properly. The capacity of a weir, being 
proportional to its length, increases directly with clarifier diameter. Since the phase- 
separating capacity, the major subject of Section 7.5.3.1, depends on the cross-sectional 


Adjustable Weir 
50-100 mm High 



FIGURE 7.54. Submerged weir for clarifier overflow. (After Sutter [53].) 
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area or the square of the diameter, scaleup will eventually reach the point where flow is 
limited by weir capacity. Increasing the weir length available in the clarifier can offset 
this effect. One method is to install the overflow launder at some distance from the 
periphery, so that brine can overflow from both sides. This effectively doubles the weir 
capacity per unit of length, but it is not common practice in the chlor-alkali industry. In 
those cases where it might apply, there usually are other reasons for splitting the brine 
flow and providing more than one train. 

Municipal water applications often are restricted to weir overflow rates of 
3.5-15 m^ m“^ hr~^. Industrial practice is for the most part unregulated and based on 
higher rates. Certainly this is true of the chlor-alkali industry, where there are down¬ 
stream provisions for removing the traces of suspended solids that escape the clarifier. 
Maximum overflow rates are usually set at 5-25 m^ m“^ hr“^ At a diameter that we 
shall call the critical diameter for this discussion, the criteria based on rise rate and on 
weir overflow rate become equal. 

The flow of treated brine depends on the capacity of the plant and on the concen¬ 
trations of brine into and out of the cells. It depends less strongly on other operating 
conditions. As a rule of thumb from our design examples, we can estimate the flow 
of membrane-plant treated brine in m^ hr~^ as 0.5 times the plant capacity in tons of 
chlorine per day. Using the more frequently encountered rating in terms of tpd NaOH, 
we estimate the diameter required to meet the criterion for weir overflow rate as 


Z)w =0.143 r/IT 


(45) 


where 

Dw = diameter based on weir overflow, m 
T = production rate, tpd NaOH 
W ~ weir overflow rate, m^ m“' hr“^ 

The diameter required to meet the criterion for rise rate is 

Dr = 0.757 {T/R)^/'^ (46) 


where 

Dr = diameter based on rise rate, m 
R = rise rate, m hr“^ 

The rise rate controls as long as T R/W^ is less than 28. 

Example. The brine flow in our reference plant is 380 m^ hr“ ^. Estimating the diameter 
of the clarifier for a rise rate of 0.5 m hr“^ gives about 31m. Estimating the diameter for 
a full-periphery weir overflow rate of 5 rr? hr“^ gives 24.2 m. The parameter T RjW^ is 
16, well below the critical value of 28. The difference far exceeds the error in estimating 
the brine flow rate simply from the plant capacity. With the unit rates chosen here, the 
weir overflow rate would control at clarifier capacities equivalent to more than 1,400 tpd 
NaOH; unless design rise rates are unusually high, then, the overflow rate is unlikely to 
be the guiding criterion in a chlor-alkali brine clarifier. 
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Many clarifier designs include scum boxes that are placed at one spot along the 
periphery. Thin, low-speed rakes gather the scum from the surface and deliver it to the 
box for removal. 


7.5.3.2C. Rakes and Drives. The purpose of a rake is to sweep the bottom of the clarifier 
and bring the collected solids to a drawoff point. Eddies that form behind a rotating rake 
promote the release of brine from compacted sludge. In principle, drawoff can be along 
the periphery or at the center of the clarifier. In chlor-alkali practice, the center is usually 
chosen, partially because the peripheral speed of a large rake can produce undesirable 
turbulence in the slurry being withdrawn. Outward raking is used most frequently in 
very large units, where the substantial height at the periphery makes removal of sludge 
easier, and in areas with high water tables, where underflow tunnels are impractical or 
very expensive. 

Angular velocities are quite low, and so power requirements even in large units 
are modest. The drive motor usually is rated at no more than 0.1 kW per meter of 
clarifier diameter. At the same time, rakes are heavy as well as wide, and torques can be 
large. Heavy underflow and the accumulation of sediment or foreign objects can greatly 
increase the torque. Instrumentation should include high-load alarms and shutdowns. 
These can be activated by electrical (amperage or power) signals or by mechanical 
measurements of gearing or reaction forces. The drive should be able to overcome a 
certain amount of solids accumulation, and the normal running torque should be no 
more than about 25% of design. Starting torque in the presence of a blanket of sludge 
can be quite high, and there are various devices to reduce its maximum value. These 
include, for example, undervoltage starters. The installation should include a rake-lifting 
device with a span of perhaps half a meter. This can be operated either manually or 
automatically. The power required to lift the rake depends on the weight of the rake and 
lifting speed; typically it is only a fraction of the rake drive power. The rake should be 
lifted gradually until the torque returns to a more normal value. Its return to position 
should also be slow in order to allow the gradual removal of the accumulated solids. 
The rake lifter is also useful in the removal of agglomerated solids that cling to the rake 
structure. Raising and lowering the assembly every few hours helps to break up these 
masses. 

Vendors’ best designs show lower angular velocities at larger diameters. The rota¬ 
tional speed is not quite inversely proportional to the diameter, so that the peripheral 
speed increases slowly with diameter. A review of a number of operating units showed 
that the number of revolutions per hour is related to the diameter (in meters) by the 
equation 


N = aD-^-^ (47) 

where a = 60 to 90. In a 30-m clarifier, then, N ^ A. 5 rph, and the peripheral speed of the 
rake is about 0.12 m s“ ^ It increases only slowly with diameter. In a 60-m unit, the speed 
called for is about 0.15 m s“^ This is the outer limit of the speeds usually recommended 
for slow-settling precipitates, and the correlation of Eq. (47) should not be pursued to 
such large sizes or used as a substitute for more careful design considerations. 
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FIGURE 7.55. Bridge-supported clarifier rake. (With permission of Japan Soda Industry Association.) 


Rakes and their drive mechanisms can be supported from a bridge across the clarifier 
or from a center column of concrete or steel. A variation on the latter uses a traction drive 
with the arm attached to a motorized carriage at the periphery of the tank. This is most 
often used on very large thickeners. Since chlor-alkali clarifiers are relatively small, 
bridge supports are suitable and are commonly used. These have several advantages. 
They transfer the support loads to the periphery of the clarifier, and they can provide 
easy access from the periphery to the center point. They permit simpler construction 
both of the rake and of the lifting device. The single drawoff point at the center of the 
bowl gives a more consistent underflow concentration. 

Figure 7.55 shows a typical bridge-supported clarifier rake. Rakes are usually con¬ 
structed from structural or tubular steel and are coated with rubber or an epoxy to avoid 
corrosion and brine contamination. Fasteners should be made of a resistant metal such 
as Monel; sometimes, titanium is used. The drive is mounted at the center, and access 
must be provided. Usually, a walkway is installed from some point on the periphery to 
the center well. Sometimes, a full-diameter walkway is provided. The drive, the rake, 
the center well, and the lifting mechanism are supported from the bridge structure. The 
rake will roughly follow the contour of the clarifier bottom, which may be flat or built 
with a slope of 5-15%. 


7.5.3.2D. Sludge Removal. The precipitated solids must be removed from the bottom 
of the clarifier for disposal. Withdrawal of the sludge from the center requires a pipe to 
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carry the sludge beyond the wall of the clarifier. When a clarifier with conical bottom 
is installed at grade for cost reasons, a buried pipe or an access tunnel is required. The 
buried pipe, with a pump installed beyond the periphery of the clarifier, is the cheapest 
arrangement but also the one most difficult to maintain free of plugs. An access tunnel 
raises safety concerns as well as operating and maintenance complications. Elevating the 
clarifier means increasing the elevation of the brine treat tanks and perhaps the saturators 
as well, and the net effect is rather expensive. Still, this type of installation is perhaps 
the standard for chlorine plants. It does provide more head for gravity flow through the 
treatment tanks and into the brine overflow tank and transfer pumps. 

Sometimes, the sludge can simply be withdrawn for disposal to a drain or a lagoon. 
This situation is becoming less common, as environmental regulations become stricter. 
Some producers with access to brine wells pump the sludge to underground disposal. This 
returns the hardness elements to their source. The bulk, calcium, returns as a carbonate 
rather than as a sulfate. The volume of solids in the sludge is very much less than the 
equivalent volume of salt. Therefore, one well can accept the solids from many wells 
of the same size. It is possible to dispose of the solids in a producing well. Since the 
water associated with the clarifier sludge is a small fraction of that required to dissolve 
salt, the sludge from a diaphragm plant can be diluted to reduce the problems of settling 
of the slurry and plugging of the transfer pipeline, Spillers [103] described a plant in 
which the sludge was diluted to 1.8% solids before pumping through 8 km of pipe to the 
well. The best arrangement involved injecting the dilute sludge near the bottom of the 
well, which allowed the suspended solids to settle, and withdrawing clear brine from 
the top. In a membrane-cell plant, the depleted brine flow is a substantial fraction of 
the feed brine flow. When returning this stream to a well for resaturation, the brine 
sludge is a relatively minor addition to the volume. Similarly, disposal of waste asbestos 
from diaphragm cells would add very little to the volume, and this procedure offers an 
opportunity for its convenient disposal. 

Obstacles to the use of this technique may include 

1. the cost of adding a return pipeline; 

2. in a membrane-cell plant based on solution mining, the prior existence of a return 
pipeline not suitable for the slurry; 

3. precipitation of hardness from the added water when it is mixed with sludge 
containing excess quantities of treating chemicals. 

Most often, the sludge is pumped to a collection tank before going on to final disposal. 
Advancing-cavity pumps and diaphragm pumps operated by air or electricity are in 
common use, and in larger units, centrifugal slurry pumps are the norm. 

If a salt contains 0.5% CaS04, its treatment will generate 6 kg of CaC03 for every 
ton of chlorine produced. Even in a 1,000-tpd plant, the rate of production of 5% (w/w) 
sludge will be not much more than 4 m^ hr“^ The very low flow rates in smaller plants 
using better salts make continuous removal of clarifier sludge a problem. The retention 
time of the sludge in the clarifier will be a number of days, and so the periodic removal 
of a quantity of sludge at high flow rate will not upset the process. 

This is the approach usually taken. The sludge pump operates at a practical rate 
for a few minutes at a time. Sudden movement of the sludge in the clarifier often does 
not always allow the most concentrated material to flow. The compressed sludge at 
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the outlet begins to move, but the surrounding highly compressed material resists flow. 
It is easier for lower consistency material higher in the cone to flow past the thicker 
sludge. This is the classical problem of “ratholing” in a high-solids medium. The systems 
designed to handle the sludge should therefore be sized to deal with flow rates corres¬ 
ponding to a solids concentration well below that predicted theoretically or determined 
experimentally. 

In some cases, much of the dilution can be avoided by pumping sludge in more 
frequent short pulses. Withdrawal can be matched to production, and instantaneous 
line velocities are high. One of the advantages of the side discharge of sludge is the 
simplification of sludge piping near the clarifier. 

Another technique is to remove sludge continuously at a reasonable rate by pumping 
it to an elevated tank. This provides some clarification, with the brine overflowing to the 
clarifier. A conical bottom on the tank enhances thickening of the sludge, which can go 
to a receptacle or to further processing. 

The ideal situation matches the rate of sludge withdrawal to the retention time 
necessary to produce the right concentration. Many plants rely on the skill of the operator 
to do this, using only sample taps at vertical intervals along the side of the clarifier and 
primitive measurement of the height of the sludge. Noninvasive instruments such as 
radiation gauges and sonic devices can be used to provide more precise information. 
Total control of the operation of a clarifier-thickener remains a difficult problem, both 
because of the difficulty of making reliable sludge level and density measurements and 
because of the very long process lag times. 

Sizing and layout of a sludge-handling line should follow good practice for slurry 
piping. This should include arrangements for unplugging sections of the line or for 
quickly replacing or bypassing troublesome sections. 

Example. Using the same 400 m^ hr“^ forward brine flow as in previous examples, we 
allow 5% for recycle and reworking of backwash brine. To process 420 m^ hr“^ at a rise 
rate of 0.5 m hr"^ we require a clarifier area of 840 m^. The corresponding diameter is 

32.7 m. The quality of our salt, if supported by test or by previous experience, should 
justify a higher rise rate. At 0.6 m hr“ ^, the clarifier area becomes 700 m^ and the diameter 

29.8 m. We conclude that a standard clarifier will have a diameter of 30-33 m. The rake 
will operate with a tip speed of 0.12 m s“^ or a rotational speed of 4.6rph. The drive 
will be a 5-7.5 kW motor. The drive for the lifting mechanism will be a motor with 
fractional kW. 

The flow from the bottom will contain 4 tpd of solids. As a 6% mud, this will have 
an average flow rate of 2m^ hr~^. It will contain 15 tpd salt. Section 16.5.1.3 discusses 
the recovery of this salt and the processing of the sludge before disposal. 


7.5.33. Alternative Clarification Processes. The discussion so far has assumed the use 
of a single conventional clarifier, with a cylindrical body and conical bottom with a 
thickening rake, in continuous operation. In small plants, the rake may be eliminated; 
the use of a conical bottom for easy removal of the sludge is then very important. In 
very small plants, clarification may be a batch process, often in the same tanks used for 
chemical treatment. Very large clarifiers, on the other hand, are sometimes rectangular 
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rather than cylindrical in order to improve utilization of plot area. This is rarely the case 
in the chlor-alkali industry. 

In most chlor-alkali plants, the brine clarifier will be the largest piece of process 
equipment in terms of plot area. There are several methods used in the industry to reduce 
this area. These include the use of: 

1. various techniques of external solids recycle 

2. solids-contact clarifiers 

3. inclined-plate separators 

They are listed in the order in which they depart more widely from the concepts 
presented above. 


7.5.3.3A. Solids Recycle. Solids recycle is not simply a change in clarifier design but 
rather a modified technique for chemical treatment involving one of the products of the 
clarifier. The objective is to form larger particles, which settle more rapidly. For a given 
rise rate in the clarifier, there will be a cutoff diameter below which it is impossible for 
the particles to settle. Shifting the PSD to larger diameters will allow more particles to 
settle against a given rise rate. Alternatively, it will allow the use of a greater rise rate 
and therefore the installation of a smaller clarifier. 

The formation of solid particles by crystallization or precipitation usually is divided 
into two phases, nucleation and growth. Anything that favors nucleation more than 
growth (e.g., a high level of supersaturation) will lead to small particle size. Anything that 
favors growth over nucleation obviously promotes larger particle size. Recycling precip¬ 
itated solids to the nucleation zone is an example of the latter. Figure 7.56 shows the idea. 
Figure 7.56a is the standard process, or conventional solids precipitation (CSP), discussed 
in the sections above. With conventional solids recycle (CSR) as in Fig. 7.56b, some of 
the precipitate removed from the bottom of the clarifier is returned to the first reaction 
tank. Both precipitants are added to that tank. To the extent that precipitation continues 
on the recycled particles, they will grow larger and settle more easily. Effectively, this is 
a technique for extending the residence time of the growing particles in the treat tanks. 

The results of solids recycle are enhanced when the solids first are contacted 
with the precipitating chemicals (Fig. 7.56c). This can take place in a relatively 
small tank. Possibly because of the fact that some of the precipitants cling to the 
solids, more precipitation then occurs on the surfaces. This technique is known as 
precipitant-stabilized solids recycle (PSSR). 

Both solids recycle techniques allow some combination of faster rise rate, improved 
clarity of overflow, higher concentration of solids in the underflow, and reduced 
consumption of treating chemicals. 

Data provided by Timmins [104] on these recycle techniques compare the results 
obtained with those typical of CSP (Table 7.12). The improved particle size leads to better 
performance in subsequent steps. Filtration becomes easier, as shown in Table 7.13 by 
results obtained in a recessed plate-and-frame filter. 

Finally, the more efficient use of reagent chemicals with the PSSR technique allows 
reductions in their excess concentrations. For the same outlet brine quality, Timmins 
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FIGURE 7.56. Solids-recycle clarification processes. 


TABLE 7.12. Comparison of Clarification Processes 


Parameter 

CSP 

CSR 

PSSR 

Rise rate (m hr~ ^) 

0.5-0.75 

0.6-0.85 

1.0-1.2 

Overflow turbidity (NTU) 

10-40 

5-10 

5-10 

Underflow concentration (wt.%) 

5-15 

10-20 

15-25 


Notes: 

CSP: Conventional solids precipitation. 
CSR: Conventional solids recycle. 

PSSR: Precipitant-stabilized solids recycle. 


reported the use of concentrations of 0.3 to 0.5 gpl carbonate and 0.15 to 0.3 gpl hydrox¬ 
ide instead of the 0.5 to 0.8 gpl carbonate and 0.3 to 0.5 gpl hydroxide used in GSP. 
Others [105] have recommended excess concentrations of 0.16-0.3 gpl Na 2 C 03 and 
0.08-0.16 gpl NaOH when recycling sludge to the reactors. 
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TABLE 7.13. Effect of Solids Recycle on Filtration Process 


Parameter 

esp 

CSR 

PSSR 

Filtration time (hr) 

2^ 

1^ 

0.1-0.25 

Wash time (hr) 

4-6 

2-A 

0.25-0.5 

Cake solids (wt.%) 

50-55 

50-60 

55-65 

Dry cake density (kg m~^) 

800-880 

880-960 

960-1040 


Raw Chemicals 



To 

Brine 

Reservoir 


FIGURE 7.57. Typical solids-contact clarifier. (With permission of Japan Soda Industry Association.) 


The organization of Fig. 7.56 shows that solids recycle techniques can be applied 
in modular fashion. They can be valuable in plant improvement and debottleneck¬ 
ing projects. Solids recycle is also useful as a temporary measure in startup of a 
clarifier. It helps the solids concentration in the compression zone to build up more 
quickly. 


7.5.3.3B. Solids-Contact Reactor-Clarifiers. A solids-contact reactor-clarifier achieves 
enhanced solids contact within the equipment itself. It performs the operations of mix¬ 
ing, flocculation, and sedimentation in one vessel. A sludge blanket within the clarifier 
becomes a necessity. Figure 7.57 shows the internals of one type of solids-contact clarifier 
that employs two reaction zones [106]. Brine and treating chemicals enter the first, or 
lower, zone. An internal agitator pulls the mixture from the bottom of the clarifier up 
through a draft tube into the second reaction zone. This design promotes contact between 
new brine and the existing sludge from the bottom of the vessel and so enhances floc¬ 
culation. Agitation must not be intense enough to break up the floe, and so a low-shear 
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agitator with a high pumping rate is used. Brine leaves the second reaction zone by 
overflowing the periphery of the central tube. Flow then is through the superstructure 
of the rake, with the clarified brine separating from the sludge. Inclusion of the reaction 
zones within the clarifier reduces the cross-sectional area for vertical flow of the brine. 
The extra particle growth offered by sludge contact must outweigh the higher rising 
velocity in order for this technique to be successful. 

In many cases, the design rise rate used in a conventional clarifier can be nearly 
doubled in these and similar units. The tabulation below shows typical data for another 
type with excess chemical concentrations of 0.4 gL~^ Na 2 C 03 and 0.04-0.05 gL“^ 
NaOH [104]. Results are best when the magnesium content of the untreated brine is low. 


Mgconc.,mgL-i 20-50 50-150 >150 

Rise rate, m hr-^ 1.5-1.7 1.0-1.25 0.5-0.7 


The sludge concentration was 5-10%, vs 10-14% in a conventional clarifier, and the 
turbidity of the overflow was 10-20 turbidity units (NTU) vs 10-40. 

The inherent complexity of the internals in this type of unit requires more attention 
during design to the problem of corrosion. Rubber and epoxy coatings are useful on 
major elements. 


7.5.3.3C. Inclined-Plate Separators. An inclined-plate separator is comprised of a group 
of plates installed in parallel and at an angle of at least 45° with the horizontal. The plates 
are separated from each other by about 50 or 75 mm. The design takes advantage of the 
fact pointed out above that clarification ability is determined by separation area and not 
the depth of the fluid. To visualize the construction and action of an inclined-plate settler, 
imagine a very long and narrow rectangular settler cut along the short dimension into 
pieces that are raised to a certain angle, as in Fig. 7.58, and then mounted close to one 
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FIGURE 7.58. Inclined-plate settler. 
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another. Treated brine containing precipitated impurities flows to each plate, and each 
plate acts as a small clarifier. The effective settling area provided by an assembly is the 
sum of the horizontally projected areas of all the plates. This is much greater than the 
plot area, and so a fundamental advantage of the inclined-plate settler is its compactness. 
Other advantages of the small size are reductions in thermal currents and surface wave 
action. The reduced retention time in the apparatus is a disadvantage. It does not allow 
much thickening; the underflow concentration is lower than in a conventional clarifier and 
more variable. Also, the assembly makes the unit harder to clean. If solids accumulate 
on the plates, the cross-sectional area available for flow becomes smaller. The higher 
velocity then sweeps more solids into the clarified effluent. Some units are designed with 
movable plates. These swivel around fixed connections and can be adjusted to steeper 
angles to facilitate cleaning [107]. 

The feed box, which receives the chemically treated brine, is a bottomless channel 
of adjustable dimensions, usually mounted centrally between two groups of plates. Its 
length fixes the elevation at which brine is injected into the plates, usually at about one 
third of the height above the bottom. Its function is similar to that of the feed well in 
the standard clarifier. From the side, the brine enters the compartments between plates, 
and the clarified brine begins to separate from the brine bearing the solids. The solids 
fall down the plates and into a collecting hopper. The underflow thickens as it goes, 
but with the short residence time mentioned above, the sludge tends to be more dilute. 
A modification of the basic design therefore includes a sludge chamber fitted with a rake 
to produce more thickening action. 

The clarified brine overflows the chambers through restricting orifices, which col¬ 
lectively act as a flow distributor. The brine then overflows a stilling section into flumes 
that carry it to a discharge zone. Discharge is by gravity into a collecting tank from which 
the brine is sent on to the rest of the process. 

While inclined-plate separators are put together from a number of sub-assemblies, 
they are supplied as package units from one source. The sub-assemblies tend to be 
constructed in the vendors’ standard materials. A designer or operator must review these 
for use in chlor-alkali brine at the process temperature. 

A variation on the inclined-plate principle uses inverted triangular elements moun¬ 
ted above each other [108]. The fact that there are so many elements in this type of clarifier 
translates into a very low upward fluid velocity and a horizontal projected clarification 
area that is up to 20 times as great as the floor area of the unit. 

Several chlor-alkali plants have used the standard inclined-plate separator, but the 
authors are not aware of any application of the triangular-element version. 


7.5.3A. Miscellaneous Topics 

7.5.3.4A. Prevention of Heat Loss. The great size of standard clarifiers makes them 
prime sources of heat loss (or, infrequently, heat gain). This is a problem more of process 
performance than of energy consumption. The loss of heat will result in temperature 
gradients inside the clarifier. These gradients then are the source of convection currents, 
which can disrupt the settling of the particles. Most of the heat lost from an open clarifier 
is from the top, where a considerable amount of water vaporizes. Floating insulators, 
such as pieces of plastic foam placed on the surface, can reduce this loss. An alternative 
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FIGURE 7.59. Insulation of clarifier by water blanket. (With permission of Japan Soda Industry 
Association.) 


is a water blanket. Water sprayed gently onto the top of the clarifier will not mix readily 
with the denser brine and so will remain as an insulating layer. Figure 7.59 illustrates the 
concept. The water seal is about 10 cm thick. Water addition responds to a temperature 
controller. The clarifier can also be covered by a roof. This protects against thermal shock 
and dilution by rain and snow as well as evaporative and radiative heat loss and can be 
justified in severe climates. Insulation of the wall will also reduce heat loss. This is not 
a general practice; when walls are lined with rubber, there is already some insulation 
incidentally in place. 


7.5.3.4B. Use of Centrifuges. Centrifuges are an alternative to filters in the separation 
of solids from brine. They appear in the sludge-handling process, handling the underflow 
from a clarifier. Most are simple basket-type centrifuges, and their use is more character¬ 
istic of older plants. In these older units, plain steel baskets are common. Monel would 
undoubtedly give better service. Monel feed and discharge chutes should be specified. 

At the expense of their greater power consumption and maintenance expense, 
centrifuges offer higher solids concentration in the cake. 


7.5A, Filtration 

The overflow from the brine clarifier is collected in a tank and then pumped to the 
filtration area. The clarified brine usually contains less than 50 ppm suspended solids, 
often as little as 10 ppm. However, clarifiers are subject to upsets and inversions, which 
can affect the clarity of the overflow for many hours. The filter system must be able to 
cope with the higher solids load, even if the operating cycle time is reduced. 
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Filtration is a process in which solids are removed from a liquid by passing a 
suspension through a porous medium that can retain the solids. The two methods of 
primary interest to the chlor-alkali technologist are: 

1. deep-bed filtration, as in sand filters 

2. cake filtration, as in leaf and candle filters 

A sand filter contains a packed bed, filled with sand or other fine-particle medium, 
1 or 2 m deep. It can handle a higher solids loading than the cake filters but is less efficient 
at retaining very fine particles. In the two-step filtration process described here, the bed 
filter is used in the first, or primary filtration, step. In downflow filters, the brine enters 
the top and then flows through the fill under pressure or by gravity, Upflow filters can be 
arranged for gravity flow, but the types considered here require pumping of the brine. 

Membrane-cell plants, at least, also require polishing filters to remove any solids 
that pass through the sand filter. Their tighter specification protects the brine softening 
ion-exchange resin (Section 7.5.5) in the next phase of the process. Ceramic candle 
filters, cartridge filters, and leaf filters are most common in this application. The leaf 
filter depends on a filter cloth of large area and the candle filter on a number of cylindrical 
elements. The brine passes through the cloth, or elements, leaving the solids behind. The 
colloidal cake that forms is compressible and plugs readily. The normal approach is to 
use filter aids to improve its characteristics. 


7.5.4, L Primary Filtration. Classically, sand has been used as the medium in bed filters. 
While it is acceptable in most diaphragm and mercury brine processes, the possibility 
of dissolving small quantities of silica usually disqualifies sand from use in membrane 
plants. Other media such as garnet and anthracite are used instead. These have little 
effect on filter design, and plant conversions usually continue with the same vessels 
on line but the new fill substituted for sand. Typical particle sizes for both sand and 
anthracite are about 1 mm, but sand is, on the average, a bit smaller and contains more 
fines. Regardless of the fill, the apparatus still is frequently referred to as a “sand” 
filter. 

Gravity and pressure both are used to force brine through the filters. Gravity filters 
give lower unit flow rates but a cheaper installation. Pressure filters achieve higher rates 
and more consistent results. Modem practice tends to accept the higher installed cost to 
obtain the advantages of pressure operation. 

The next division to be made is between upflow and downflow pressure filtration. 
Downflow filters operate with shorter beds (about 50% of typical upflow depth). They 
can achieve high unit throughputs when the solids concentration is low and are most 
frequently chosen in such cases. Their mechanism is essentially surface filtration by the 
fine particles at the top of the bed. 

The throughput of an upflow filter is limited by the danger of fluidization. This will 
dismpt the bed and allow a major increase of solids in the effluent liquid. On the other 
hand, upward flow allows depth filtration, in which particles can be removed from the 
brine anywhere in the bed. Upflow filters therefore have solids capacities two or three 
times as great as downflow filters, resulting in longer on-stream times. They also are 
more stable in the face of a clarifier upset. Some filters can tolerate up to 500 ppm solids 
in the feed brine while maintaining a 4-hr cycle [109]. 
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“Mixed-media” filters use more than one type of fill. Since density and particle 
shape both influence fluidization during backwashing as well as the rates of settling, 
there is a mixture of particle sizes at any level in a bed. This gives downflow filtration 
some of the character of depth filtration. 

While the normal solids content of clarified brine is in a range that often favors 
downflow filtration, the other considerations given above often result in the choice of 
upward flow. Both types are widely found in the chlor-alkali industry. Liederbach [40], 
Sutter [53], and the authors have at least a mild preference for the upflow type, which 
we adopt here as the standard for discussion. 

The filter medium is usually graded by size. Three or four layers of different screen 
cuts, with the finest material on top, are common. Sand is often placed above one or 
two layers of gravel or pebbles. The top layer is the deepest as well as the finest. An 
upflow filter then has a solids capacity of 20-30 kg m”^, compared with the 5-15 kg m~^ 
obtained in downflow. The brine flow rate must be kept below about 0.3 m min“^. The 
fluidization limit, which will depend on the size and density of the filter medium and the 
properties of the brine, is an absolute limit which must not be exceeded in an attempt 
to overcome upsets or to compensate for filter downtime. Some form of assurance that 
excessive flow will not occur should be part of the design. 

All unit operations textbooks present methods for calculating the pressure drop 
during flow through uniform beds of solids. This section therefore does not address 
the issue in detail. Particle size and shape, along with the properties of the fluid, are 
the major variables. PSD is usually taken into account in defining the mean particle 
diameter, and the effects of shape appear in correlations for the porosity of the bed and 
the sphericity of the particles. In the case of brine filtration, the feed from the clarifiers 
can be highly variable, especially during clarifier upsets. For this reason, it is difficult to 
predict behavior with standard calculations, even if reliable test samples are available. 
Previous experience of the operator and the vendor is a more reliable guide to rating a 
filter. Still, it is useful to summarize the normal design procedure. 

In bed filters, the deposit of solids leads to a gradual reduction in porosity and a 
consequent increase in pressure drop. The average porosity is directly reduced by the 
specific volume of the solid deposit: 


£ = £o~Vs (48) 

where 

6: = porosity of bed, i.e., fractional void volume 
= initial porosity 

Vg = specific volume of solids deposited (m^/m^ of bed) 

The specific surface of the bed increases as solids deposit: 

5 = [(1 - £o)^o + VsSsVd - e) (49) 


where 

S — specific surface of bed, m”^ (i.e., m^ of surface/m^ of bed volume) 
So = specific surface of clean bed 
5s = specific surface of deposited solids 
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Using these parameters with the appropriate modifications to the classical Ergun 
equations [110], one can, in normal cases, calculate the pressure drop in a bed [111]. 

Good filtration also requires proper distribution of the brine flow over the cross- 
section of the bed. Rather than the pipe distributor found in many other fixed-bed 
applications, many designs use nozzles fixed to the support plate [109]. These allow 
brine to pass from the bottom head up into the filtration zone. They end in a capped 
section with slots to permit radial flow. A screen covers the slots. These nozzles must be 
leveled very carefully in an upflow filter in order to achieve uniform distribution of fluid. 
It is particularly critical to level the nozzles to obtain even distribution of the scouring 
air (see below). 

To maintain the best distribution and avoid disturbing the bed, variations in flow 
rate through a filter should be small or slow. One way to limit variation, but far from 
universal practice, is to control the flow at a constant rate. Variations in net throughput 
are then taken up by recycling excess flow back to the feed tank, which is placed on 
level control. This is the scheme adopted in Fig. 7.47, the clarifier flowsheet. The filters 
perhaps must be a bit larger to handle the increased flow. 

All filters must occasionally be backwashed to remove accumulated solids. Most 
systems are set up to be backwashed at specified intervals. There must be at least a 
manual override that allows a filter to be backwashed when filtrate clarity is not up to 
standard or when the differential pressure is too high. Since this operation takes a filter 
out of service, the filter plant must be designed to operate at full process rate with at least 
one unit out of filtration service. 

The backwash flow is always upward, and either water or brine can be used to sweep 
away the solids. In the case of upflow filtration, the term “backwash” then is a misnomer 
but is commonly used. The bed must be expanded while washing; about 30% or 40% 
is customary. The degree of expansion depends on the specifics of each manufacturer’s 
design and on the properties of the washing fluid. A denser or more viscous wash fluid 
will exert more drag on the particles in the bed. This should be borne in mind when 
considering changing the backwash fluid. When plant water is used, some adjustments 
may be necessary to compensate for variations in temperature. Brine is an effective 
backwash fluid and one that does not disturb the water balance by injecting more water 
into a closed brine loop. One of the advantages of upflow filtration is that it allows the use 
of unfiltered brine as a backwash fluid. None of the previously filtered brine then needs 
to be recycled through the filters, and their total operating load is somewhat reduced. 

Scouring with air enhances separation of the collected particles from the filter 
medium. When a filter is taken out of service for backwashing, it is first drained to 
a level about 100 mm above the top of the bed. Blowing with air for a few minutes 
releases the filtered particles from the grains of filter medium. The backwash fluid then 
performs more efficiently. The drain-scour-backwash cycle takes 10-15 min. It is fairly 
common practice to repeat this cycle once or twice. This technique improves results, 
and its frequency can be increased if filter performance is deteriorating. Even when used 
infrequently, this procedure should be included in the plant operating manual and built 
into the control program to afford the operator easy access. 

Air scouring is an intermittent operation with fairly high instantaneous demand. 
Superficial air flow rates (standard conditions) are between 1.0 and 1.5 m min“^ The 
required pressure is only 0.5 or 0.7 bar, while compressed plant air is usually available 
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at 5-8 bar. Using this air wastes most of the energy of compression. Especially when the 
scouring air demand has much to do with sizing the plant air system, total cost might be 
reduced by installing a blower dedicated to scouring air. 

Finally, the backwash containing the solids must be dealt with. After collection in 
a tank, the fluid can be returned to the brine treatment system. To avoid disturbing the 
process with sudden large flows, the collection tank should be used as a surge vessel and 
the fluid returned to the process at a more nearly uniform rate. It may go to the clarifier 
or, preferably, to a treat tank. The collecting tank often has a conical bottom to allow 
some of the solids to settle out. Some solid material will remain in the supernatant liquid, 
but continued particle growth will allow it ultimately to settle in the clarifier. 

Lined carbon steel is the standard material of construction for primary pressure 
filter vessels. Typical linings are hard rubber, 3 or 6 mm thick, and glass-filled epoxy 
resins. Metallic internals tend to be Monel or titanium. Piping is FRP or a thermoplastic 
such as PVC wrapped with FRP for reinforcement. Internal piping, if not metal, may be 
of CPVC, properly supported. In larger sizes, support plates usually are of rubber-coated 
steel. 

Most users purchase brine filters as engineered, partly prefabricated packages. 
Vendors supply skids containing not only the filters but also the filter media, piping, 
instrumentation, wiring, and some of the auxiliary equipment. At least two filters are 
necessary to allow operation to continue while one is being cleaned. With sufficient 
storage volume on both sides, it would be possible to supply two filters each with less 
than the design capacity of the plant. This is not the usual practice, most systems being 
designed to operate at full rate with one bed out of operation. Larger systems will con¬ 
tain more than two filters in order to keep their dimensions within the range of normal 
fabrication and transportation. 

Example, We choose anthracite-packed beds to filter the brine in upflow. To allow oper¬ 
ation of the filters at constant velocity, we size the beds for 5% more than the average 
forward flow. This gives us 420 m^ hr“^, and we round this up to 425 m^ hr”^ to allow 
for dilution by residual backwash water. We must also allow for a bed to be off line 
during backwash, and we provide several operating beds. The latter is in order to keep 
the dimensions of the beds within the limits of reasonable fabrication and transportation 
from the fabrication shop to the site. 

To keep the superficial velocity below 18 m hr“^ (0.3 m min~^), we need a working 
cross-sectional area of at least 23.6 m^. Providing a 50% safety factor by operating 
at 12mhr”^ increases the area required to 35.4m^. We tabulate below the internal 
diameters required as a function of the number of beds on line. 


Beds operating 

Diameter (m) 

3 

3.88 

4 

3.36 

5 

3.00 


Diameters approaching 4 m often cause problems in transportation. The option with four 
beds in operation becomes attractive, and so we supply a total of five beds with nominal 
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diameters of 3.4 m. Each bed has a cross-sectional area of about 8.9 m^. The maximum 
solids-handling capacity mentioned in the text was 30 kg m~^; this is equivalent to about 
265 kg of solids in a bed. With 50 ppm solids in the clarified brine, the filter could be 
on line for up to 50 hr. Even cutting this in half to avoid excessive pressure drop and to 
allow for clarifier upsets gives an operating time of about a day between backwashes. 
With four filters on line, this corresponds to a backwash approximately every 6 hr, quite 
a reasonable cycle. With good performance by the clarifier, a less conservative approach 
would require a backwash only every 8 hr, which in many plants corresponds to the 
length of an operating shift. 


7.5.4.2. Polishing Filtration. The primary filters will be less than perfect in their removal 
of solids from the brine. Depending on the results desired and the type of cell used, 
polishing filters may be required, and in other plants they may be used without benefit 
of a “primary” filter. Even when using membrane cells, it is possible to do without the 
primary filters and rely solely on the polishing filters. However, this greatly reduces their 
productivity by requiring frequent regeneration. Also, polishing filters of reasonable 
size would not be able to cope with a clarifier upset. In all ordinary circumstances, 
both levels of filtration are advisable in most mercury- and membrane-cell plants. The 
enhanced clarity of the brine allows the operation of mercury cells at higher current 
densities without excessive formation of mercury butter. 

Many types of filter are supplied for this sort of operation. In chlor-alkali brine 
treatment, the two most frequently encountered are the pressure leaf filter and the candle 
filter. Both types are capable of removing submicron particles and producing a filtrate 
with less than 1 ppm of suspended solids. A leaf filter, as the name implies, contains a 
number of thin, flat elements that are active on both sides. In chlor-alkali brine plants, 
the leaves normally are suspended vertically in a tank. The tank may be horizontal, in 
which case the leaves are circles or rounded squares, or vertical, in which case the leaves 
are approximately rectangular and of different widths. 

The filtering element is a cloth (e.g., polypropylene) mounted over a metal mesh 
(Monel or titanium). Reinforcements are internal, and the cloth is held down by 
corrosion-resistant pins (e.g., titanium). Flow is through the cloth from the outside. 
The cloth usually has a permeability of 15--25 m air hr“^ mm Hg“^ The filtrate leaves 
through a bottom connection into a header. 

Monel and lined carbon steel are standard materials of construction for filter vessels. 
Linings are similar to those used in primary filters. Figure 7.60 shows a typical vertical- 
tank vertical-leaf filter. The stream to be filtered enters the body of the tank. A bottom 
connection is shown, but there are other options. The leaves are arranged vertically, 
and flow is from the outside to the inside of the leaves. Filtrate collects in a pipe at the 
bottom; this also serves as support for the filter elements. The tank also has drain, vent, 
and compressed air connections. The detail shows one type of assembly that can simply 
be lifted from the effluent pipe. 0-rings supply the seals. 

A candle filter contains a number of cylindrical elements in a vertical tank, using 
materials of construction similar to those used in leaf filters. The elements can be built 
up, in modules similar to those used in mist eliminators (Section 9.1.5), or they can be 
“solid” cylinders made of carbon or a ceramic. The latter are porous, with walls about 
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25 mm thick. Typical elements are 70 mm ID and 120 mm OD, in lengths up to 1.5 m. 
Carbon candle filters are similar to those used for many years to filter mercury-cell 
caustic. Candles typically have porosities of 40—45%, and their pore structure is quite 
uniform (average about 100 |xm, maximum less than 200 p,m). The latter fact helps to 
make backwash flow more uniform and more effective. The use of candle filters is most 
common in Japan, where a 1998 survey of 25 plants using two stages of filtration [112] 
showed that 21 used some form of bed-type filter in the first stage. Twenty of the plants 
reported using “ceramic” or “cartridge” filters, which we take primarily to mean candle 
filters, in the second stage. 

Candle filters, it is argued, also have an advantage in producing brine of higher 
clarity. This is attributed to the fact that, under pressure, filter leaves will be slightly 
distorted. The cake can then develop minute cracks, allowing fine solids to pass through. 
The cylindrical shape of the candle filter works against this, and the elements with their 
great structural strength are able to maintain a good cake. Figure 7.61 illustrates this 
phenomenon for a typical leaf-filter screen. 

In both leaf and candle filters, the cake deposits onto vertical surfaces. It should 
not be shocked or disturbed by sudden changes in flow rate. It is more important with 
polishing filters than with bed filters to maintain steady brine feed rates. The same 
technique of controlled flow with spillback to a feed tank is often used. The instrument 
diagreims of Figs. 11.6 and 11.7 illustrate this approach. 

The surface of each filter element serves as a support for the deposited solids. The 
real filter medium is the solids themselves. Their accumulation causes the resistance to 
flow to increase continuously. This is the distinguishing characteristic of cake filtration. 
Analysis of the process requires some way to describe the changing relationship between 
flow rate and pressure drop. Here, we follow the method of Foust and coworkers [113]. 



Precoat v 


O ''O 

V * 

. : ^oOOOoO O 

?o OO OqO®? 
•:*' o^oo^o^c 

**V 0% O 

• : 'CpJoOoO.^ 
/,• )OOooOO®0 

••• >®9o P^oOt 
.*• o°«o<feooo 

•A ^oOOOo®oO 

io 

;P oo« 
O oi>5 
nCbuO O OqC 


Ceramic 

Candle 



FIGURE 7.61. Distortion of filter leaf. 
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Flow through a filter bed or cake is usually laminar, and a form of the 
Carman-Kozeny equation [114] therefore applies: 

{^PgJL){D^/pvl)s^/{\ -e)= a(l - e)/Re (50) 


where 

AP = pressure drop through bed 
gc = standard acceleration due to gravity 
L = length of bed (thickness of cake) 

Dp = particle diameter 
p = fluid density 

Vs = average superficial velocity of fluid through bed 
s = porosity of bed (dimensionless) 
a = constant 
Re = Reynolds number 

For laminar flow in a filter cake, this can be written as 

APgc/L = 180(1 - (51) 

The equation is dimensionless, and any consistent set of units can be used. The constant 
on the right-hand side appears with different values for different types of apparatus, but it 
will be assumed into an empirical quantity below. Several modifications will put Eq. (51) 
into a form that is easier to use. First, the equivalent diameter of the particles is that of a 
sphere with the same surface area per unit volume: 


Ao/ Vo = 7tD^/i7rDl/6) = 6/Dp (52) 

This ratio we call the specific surface, Sq. Substituting for Dp: 

APg,/L = 5(1 - sfpiVsSl/s^ (53) 

This can be solved for the flow velocity, Ug. Multiplying by the filtration area A gives 
the total filtration rate: 


dV/Ae = /^Pgce^A/5{\ - eflguSl (54) 

where dF is the volume of filtrate produced in time d^. We have already noted that 
the thickness of the cake varies (increases) with time. It can be calculated from the 
concentration of the feed slurry and the amount of filtrate passed. The volume of solids 
in the cake formed by passage of a unit volume of liquid is equal to the weight of solid 
collected (w) divided by its density. The total volume occupied in the filter also depends 
on the porosity of the cake: 


Solids volume = w/ps 
Cake volume = w/ps{l — s) 
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In terms of the previous variables, we have 

LA(1 - s)ps = w(V + sLA) (55) 

The term sLA represents the liquid held in the filter cake. Given a long enough run, this 
usually becomes negligible. In that case, we can write 

L(1 -e) = wV/Aps (56) 

Substituting this into Eq. (54) gives 

dV/d0 = [eVs/S^^d - e)]APg,A^/fiwV (57) 

The terms grouped in brackets are all characteristics of the cake. We define the reciprocal 
of this group as the specific cake resistance: 

a = 5S2(l-e)/e3ps (58) 

and then 


dV/d0 = APgcA^/^awV (59) 

The problem that remains is to relate A P and of to V and In a well-behaved system, the 
specific cake resistance may be constant. Then, solutions of Eq. (59) usually assume that 
either the pressure drop or the rate of filtration is constant. In the applications of interest 
here, one usually operates constant-rate filtrations. Now, to relate pressure required to 
volume of filtrate is a simple matter, with no integration required. We have 

AP = (jjiawR/gcA^)V (60) 

where R is the constant rate of filtration, d V /dO. 

These equations account for the resistance of the cake but not those of the piping 
and internals of the filter. It is customary to consider these as resistances in series and to 
add a constant resistance term at an appropriate point in the development, for example at 
Eq. (54). When this is carried through the above development, it appears as a term that 
must be added to the volume of the filtrate. The added resistance therefore is equivalent 
to passing the additional volume Vq through the filter: 

AP = (fMawR/goA^KV + Ke) (61) 

A plot of pressure drop vs volume of filtrate then has the slope jJ^awIg^A^ and the 
X-intercept ~Vq. 

This development is restricted to cakes of constant surface area and so is a good 
approximation only to the situation on a leaf filter. The variation of area with thickness is 
strong in a candle filter and less so in a rotary filter, where the radius of the drum normally 
is much greater than the thickness of the cake. These geometries require modifications 
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that are not presented here. The reader can derive the proper equations by relating the 
surface area of a cake to its thickness. Also, some design equations appear in books on 
unit operations, and equipment vendors publish their own versions. 

The development so far is also based on constant a or on homogeneous cakes whose 
properties do not change with time or operating pressure. In fact, most cakes are com¬ 
pressible to some degree. As more fluid passes and more cake deposits, the older layers 
of solid are subject to frictional drag. The particles continue to move toward the filter 
surface and even to penetrate it, and the cake becomes denser in that direction. In other 
words, the cake is compressible, and the value of ct varies. Significant cake compression 
is more likely in constant-rate filtration, where the pressure increases continuously. 

This situation can be handled mathematically if a can be related to operating 
variables by an integrable function. Two that are in common use are 

a = ao-\- b{/S.PY (62a) 

a = (62b) 

The former is limited to low or moderate pressures. The latter improperly gives a — 0 
at zero pressure drop, and so it should be used only in the range of pressure for which 
the constants were determined. Alternatively, a can be determined experimentally as a 
function of pressure, and then some form of Eq. (59) can be integrated graphically. 

Since the precipitates we deal with typically are compressible and do not form 
permeable cakes with desirable characteristics, it is standard practice to add a filter aid. 
Materials such as the flocculants that are used in brine treatment are sometimes referred to 
as filter aids because they improve the filterability of the particles that are to be removed. 
In our usage, however, a filter aid is a solid material added to the process to improve the 
characteristics of a filter cake. It should provide a noncompressible surface that does not 
quickly lose its porosity as solids accumulate. Without such a material, the surface in a 
pressure filter would soon become blinded. The filter aid is applied to the filtering surface 
before flow of brine begins in order to provide a good foundation. A slurry is circulated 
from a tank through the filter until enough filter aid, or “precoat,” has deposited. 

Precoat slurries are prepared batchwise in a dedicated tank. This must have a work¬ 
ing volume greater than that of the filter(s) to be treated along with the associated piping. 
An agitator is essential to keep the filter aid in suspension. Large-bladed turbines or 
propellers rotating at low speed are best. 

The precoat should be deposited to a thickness of at least several millimeters or to a 
load of about 1-2 kg m“^. A survey of commercial practice showed no firm agreement on 
the optimum precoat slurry concentration, but in order to ensure uniform coating of the 
filter surface, the slurry should be dilute, and frequently the concentration is 1 % or less. 

Centrifugal pumps are best for transferring precoat slurries. Low-speed pumps 
with open impellers will produce less degradation of the particles. The materials of 
construction of the pump will depend on the fluid selected as the carrier. The velocity of 
flow must be high enough to keep all the particles in suspension but not high enough to 
erode the cake as it deposits in the filter, where surface flow rates usually are between 
2 and 5mhr~^. This should produce a differential pressure of about 0.15 bar, and the 
depositing process should take about 15 min. One of the filter feed pumps may be used as 
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the precoat pump if duties are compatible. When precoating is complete, the transition 
to duty filtration should be immediate and bumpless, in order not to disturb the precoat 
cake. This is more easily accomplished if the precoat batch was prepared with the same 
fluid that is to be filtered. Extreme temperature shocks also can disturb the applied 
precoat; the precoat suspension and process fluid usually should not differ by more than 
about 50°C. 

A useful precoat is one in which the particles of filter aid, which individually may 
be smaller than the openings in the filter septum, have bridged these openings. This 
is difficult to achieve when air bubbles are attached to the particles. The entire system 
should therefore be designed to avoid aeration of the slurry. Low-speed agitators are 
used, and they must be able to operate without excessive entrainment of air while filling 
or emptying the tanks. Vortexes may form as the level in a tank drops, and baffles or 
vortex breakers should be installed if this is a problem. Elevation of the tank and sizing 
of the suction line should ensure that the pressure remains positive everywhere on the 
suction side of the pump. The return line from the filter should be taken to the bottom 
of the precoat tank to prevent entrainment of air. 

The precoat makes it possible to obtain a clear filtrate at good rates at the start of 
the operating part of the cycle. After deposit of the precoat, brine usually is circulated 
through the filter and back to the feed tank for a short time, until its clarity is acceptable. 
When operation begins, the good surface presented by the precoat can then gradually 
become plugged with the more gelatinous precipitate. Periodic or continuous addition 
of a filter aid along with the feed can prevent this and help to maintain a porous surface. 
The filter aid in this step is designated the “admix” or “body feed.” Its function is to 
prevent gradual blockage of the filtering surface. Figure 7.62 shows how the measured 
compressibility of a cake decreases as more filter aid is used [115]. 

In order to form a highly permeable, stable, and incompressible cake, filter aid 
particles should be rigid, intricately shaped, and porous. The characteristics of the 
particles should allow removal of submicron solids to a level well below 1 ppm. The 
filter aid must also be chemically inert and insoluble. “Insoluble” here is a relative term, 
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FIGURE 7.62. Effect of filter aid dosage on compressibility of cake. 
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and it is the slight solubility of amorphous silica in brine that disqualifies it as a filter aid 
in some plants. 

Considerations in design of the body feed system are quite similar to those above 
related to the precoat. The major difference is in the rate of utilization. Body feed is 
added continuously at low rates. Centrifugal pumps are not appropriate in most systems; 
piston or diaphragm pumps are used instead. These should have variable capacity, which 
can be obtained by varying stroke length or speed. Filter aids also can be educted into 
the brine. 

Because of the low rate of flow of the body feed slurry, good pipeline design includes 
safeguards against deposits. In any vertical lift, the velocity must be sufficient to keep 
the solids in suspension. This velocity varies with the choice of filter aid, but 100 m hr'^ 
is usually sufficient. There should be provision for keeping the pump operating while 
the filter is out of operation, and there should be flush connections on the process lines 
before and after the pump. When a diaphragm pump is used, the outlet should be at 
the bottom of the chamber. Body feed slurry concentrations are usually no higher than 
precoat concentrations. Often, they are lower. This allows higher line velocities and 
helps to keep the particles suspended. 

The optimum level of addition of body feed is usually one or two parts per part 
of suspended solids in the brine. Since the solids concentration varies with time, some 
safety margin in the rate of body feed addition is a good idea. This is usually supplied 
by basing a constant body feed addition rate on a nominal but safe concentration of 
suspended solids. If the rate of addition is too low, the brine solids can plug the pores 
in the growing filter cake and reduce the cycle time by causing a rapid increase in 
operating pressure. At very low rates of addition, in fact, the use of body feed does more 
harm than good. It is unable to function as intended and merely adds to the solids load 
seen by the filter. With too much body feed, on the other hand, initial results will be 
deceptively good. The rate of increase of the operating pressure will be quite low. Later, 
however, there will be a very rapid increase, as the filter becomes prematurely full of 
solids. 

Not all filtration applications require body feed. If there is little to be gained from 
its use, it becomes counterproductive as it once again reduces the holding capacity of 
the filter for the precipitated solids. In some applications, body feed is added directly to 
the liquid to be filtered, removing the need for a tank and slurry delivery system. This 
approach has problems of its own, including extra wear on the main pump and sometimes 
inadequate dispersion. It is not common in the chlor-alkali industry. 

The precoat and the body feed can be the same material, or two different filter aids 
can be used. In the process industries in general, diatomaceous earth is the most widely 
used filter aid. Purified diatomaceous earth is hydrated silica in amorphous form. Its 
source is the fossilized external skeletons of microscopic organisms. Artificial perlite, 
which also is primarily silica, is a frequently used alternative. Table 7.14 shows typical 
chemical compositions of these materials. 

Amorphous silica and the associated alumina have some solubility in alkaline brine. 
Figures 7.63(A) and (B) show that powders of both materials dissolve at constant rates. 
Figure 7.64 shows that the rates of solution increase with temperature and the alkalinity 
of the brine. While these effects are often accepted in those diaphragm and mercury 
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TABLE 7.14. Composition of 
Artificial Perlite and Diatomaceous 
Earth 


Constituent 

Perlite 

Diatomaceous 

earth 

Si 02 

74.2 

89.7 

AI 2 O 3 

13.1 

4.8 

Fe 203 

0.8 

1.9 

MgO 

0.07 

0.7 

CaO 

0.28 

0.8 

Ti 02 

0.15 

0.2 

K 2 O 

4.3 


Others 

7.1 

1.9 


All data in weight% (dry basis). 



Time (h) 



Time (h) 


FIGURE 7.63. Dissolution of (A) Si 02 and (B) AI 2 O 3 in alkaline brine at 70°C. 
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pH 


FIGURE 7.64. AI 2 O 3 and Si 02 dissolution rates as functions of pH and temperature. AI 2 O 3 : dotted lines; 
Si 02 : solid lines. 


plants that use cake filtration, the extra sensitivity of membrane cells once again requires 
a change in the process. The favored substitute for siliceous filter aids is one based on 
a-cellulose. 

Filter aids are usually supplied in bags. With their very low bulk density and fine 
particle size, their handling can be very dusty. Bag-handling equipment, properly vented, 
can alleviate the dust problem. The filter aid can be dumped directly into a mix tank or 
into an intermediate hopper. The advantages of the latter, more expensive, approach are 
that quantities larger than a single batch can be handled, reducing the frequency of the 
operation, and that the bag-handling equipment is exposed to a dry atmosphere. Filter 
aid is added from the hopper to a batch by means of a screw or a rotary valve. While 
more exact quantities can be transferred this way than by dumping an integral number 
of bags, the application of filter aids is not enough of a science for one to consider this 
a great advantage. A filter aid hopper and the body of a rotary valve can be in carbon 
steel. Since the rotor itself is subjected to a humid atmosphere above brine, a coating on 
the steel is useful. 

Like primary filters, polishing filters must be taken off line for cleaning when flow 
rate deteriorates, differential pressure increases, or the body of the filter fills with solids. 
The emphasis in fundamental analysis of the filtration of brine is on the production of 
clear brine at a defined rate. The efficient removal of cake from the filter, however, is of 
equal importance. The removal of occluded brine from the cake for recovery or for waste 
minimization may also be necessary. Before cleaning, the brine inside the filter body is 
usually removed. This involves the use of compressed air to blow the brine back to its 
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feed tank. Some filters are built with a horizontal blowdown leaf to filter this material as 
well. This feature is more common in batch processing and does not appear to be used 
extensively in chlor-alkali plants. 

When a cake is washed to recover liquor, the rate of flow follows the Carman 
equations (50) and (51). The thickness of the cake remains constant during washing. 
Estimation of the washing rate is then simplified but should take into account the fact that 
some filters adopt a “wash-through” configuration, and the washing and filtration paths 
are not of the same length. The characteristics of the cake should likewise be unchanged. 
In some cases, however, the wash fluid and the process fluid may have quite different 
characteristics. This complicates flow rate calculations and, perhaps more importantly, 
makes it more difficult to estimate the efficiency of washing. As washing begins, much 
of the occluded liquor moves nearly in plug flow, and the first stage of washing is a highly 
efficient displacement. The efficiency of later stages of washing depends largely on the 
relative viscosities of the filtrate and the wash liquor. A low-viscosity fluid slides more 
easily past the film of process fluid attached to the filter medium and does a relatively poor 
job of removal. Brown et al. [116] present data on the volume of wash fluid required 
to remove a given amount of filtrate as a function of average particle diameter when 
the viscosities of the two fluids are the same. They supplement this information with 
correction factors for low wash liquor viscosities and for thin cakes, in which channeling 
of the wash liquor is more likely. These corrections are not of great significance in the 
typical brine filter, but they may become more important in caustic filtration. 

The washing process may be replaced or followed by a step in which air is drawn 
or forced through the cake. This is a case of two-phase flow with a constantly changing 
phase ratio. The complex calculations can be simplified by the proper assumptions if the 
properties of the solids are known and constant. This is seldom the case during design, 
and test data or approximations are necessary. The air flow during displacement usually 
increases rapidly as liquid is displaced, reaching a maximum essentially equal to the 
flow through dry cake. At least in principle, air flow can continue for some time and 
partially dry the cake. 

After washing or air displacement, the cake may be removed by any of several 
mechanisms. These include sluicing (normally with water), shaking, and blowing. If 
cake removal is inadequate, the area effectively available for filtration in the next cycle 
decreases. The flow pattern through the filter medium is distorted, and the flow rate 
through a unit of clean area increases. The latter can cause breakthrough of solids and a 
shorter operating cycle. 

When cake is to be removed by sluicing, a fixed nozzle is the simplest installation. 
However, this arrangement is less effective than a movable sluice, which may involve 
rotation, oscillation, or traversal. In any case, the nozzle requires a seal, and the motion 
complicates the problem of achieving a tight seal. 

The general subject of treatment and disposal of the solids removed from the filters 
is covered in Section 16.5.1.4. Here, we note that there are advantages to reducing 
the amount of water or, especially, brine attached to the solids. Toward this end, filter 
cakes can be removed mechanically, by shaking or blowing with air. This avoids the 
dilution caused by wash water. The bottoms of the filters must then be designed to allow 
easy removal of this relatively dry material. Leaf filters designed for dry discharge have 
a shaking mechanism. This releases the bulk of the solids from the leaves. Vertical 
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tank filters have conical bottoms with special discharge nozzles that allow dumping to a 
container or removal by a screw. Horizontal tank filters usually are fitted with a conveying 
screw running along the bottom of the vessel. Some candle filters dislodge the solids 
with a pulse of compressed air. At the expense of an increased cycle time, they can also 
dry the cake by air blowing in order to increase the solids concentration still more. 

Leaf filters usually are supplied with a sluicing mechanism. This sprays the leaves 
and washes away the cake. Internal piping to a sluicer usually is PVC or CPVC; metal¬ 
lic parts are titanium. Flow rates typically are equivalent to a face velocity of about 
0.8 mhr“^ with a duration of several minutes. Part of the art of design of a leaf-filter 
assembly is arranging the sluicing mechanism for good results. There is usually an oscil¬ 
lating motion to enable the whole surface of each leaf to be covered. This requires close 
attention because the filters are designed to minimize waste space. When the cakes reach 
their maximum thickness, defined by the manufacturer, there is little clearance between 
two cakes and little room for error in directing the sluicing liquid. The distribution of inlet 
brine flow should be checked closely for the same reason. Impingement of the incoming 
brine can wash away the cake. This causes distortion of the overall flow pattern and 
allows solids to leak through the cloth. 

Candles can be sluiced or backwashed from the insides of the cylinders. A useful 
option with the cylindrical geometry is to apply a pressure pulse to dislodge the cake. 
With the fabric-covered version, this might be an air pulse. To avoid a sudden drop in 
pressure in the air header when this is done, an air tank is usually mounted on the unit. 
This can be filled by line pressure or by a small compressor dedicated to the service. 
When air is released, the pressure in the tank drops, but not so drastically as would 
the pressure at the end of a pipeline. With the porous carbon elements, the pressure 
pulse is applied to lines still filled with filtrate. This produces a sudden rush of fluid 
back through the elements. This so-called “flashwashing” is a very efficient form of 
backwash. 

Candle filters usually operate with a superficial liquid velocity through the surface 
of an element of 2-3 mhr“^. Precoat usage is much the same as with leaf filters, but 
cakes are thinner (~15 mm). The compressed air used to drain liquid from the filter tank 
can also be used to dry the filter cake. The same air at approximately the same flow 
rate also serves to pulse the candles. The air should be at 3^ bar(g) and, if used to dry 
the cake, have a dew point no higher than — 20®C. In most units, the candles will be 
divided into groups for sequential pulsing. The air pulse rate will be equivalent to about 
60 Nm^ hr“^m“^ of surface. The amount of air used to drain the vessel will be about 
1-1.5 Nm^ m“^ of surface, and drying air consumption will be about 4-5 Nm^ m“^. All 
these figures are highly dependent on the geometry of the equipment. 


7.5A3. Backpulse Filtration. The polishing filters described in the preceding section 
rely on filter aids for efficient removal of solids. This is necessary because the pores in 
the filter cloths are larger than some of the solids that are to be filtered. It is necessary 
first to build up a surface that will retain these solids and then sometimes to continue to 
renew the surface to prevent its blinding with small or compressible particles. At least 
in principle, the operation might be simplified if the pores in a filter medium could be 
made reliably smaller than the suspended solids in the feed liquor and yet controlled to 
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avoid the formation of large numbers of channels so small that flow would be seriously 
impeded. 

Advances in membrane technology make it possible to produce media with uni¬ 
formly small openings. Solids therefore can be deposited directly upon the membrane 
surface, giving a clear filtrate from the start of operation, with no need to establish an 
impervious surface with a filter aid or the solids burden from the feed liquor. The mechan¬ 
ism is one of surface filtration rather than the depth filtration that occurs with conventional 
media [117]. If only a small amount of cake builds up, there is little if any compression 
of the solids, little increase in the pressure drop required to maintain a constant rate of 
filtration, and little difficulty in removing the deposited solids by backwashing. This 
is the basis of backpulse filtration. The easy and thorough removal of solids from the 
surface makes the downtime in each cycle very short. Figure 7.65 compares this style 
of operation with a conventional filter in constant-pressure mode. The effective average 
rate of production of a unit area of filter is higher in the backpulse mode [118], 

The technique is beginning to find applications in chlor-alkali brine plants. In con¬ 
struction, the surface filters used in chlor-alkali applications resemble the candle filters 
discussed in Section 7.5.4.2. Membranes can be sintered onto supporting elements or 
applied as cloths held to the candles with titanium clamps. Physically modified (expan¬ 
ded) PTFE has the advantages of controlled pore size, great chemical resistance, and 
low-energy surfaces that improve the release of particles when pulsed. The candles hang 
from a tube sheet in a vertical vessel. The vessel may have a conical bottom, for reasons 
that appear below. Flow is from the outside of the candles through the tubesheet or a col¬ 
lecting manifold and out of the vessel. Figure 7.66 shows a thin layer of deposited solids, 
A backpulse of low-pressure compressed air (ca.30 kPa) then forces filtrate back through 
the element and removes the solids from the membrane surface (as in “flashwashing” in 
the previous section). This pulse is of short duration, and the volume of liquid displaced 
is essentially that held inside the dome of the vessel. To make room for the pulsed liquid 
on the feed side of the candles, some liquid may first be drained from the shell. Usually, 
an air reservoir is supplied in order to help keep the line pressure constant throughout 
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FIGURE 7.65. Operating cycles in backpulse filtration. 
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(b) 



FIGURE 7.66. Typical backpulse filter operation, (a) After filtration and partial draining, and (b) Release of 
cake by pulse of air. 


the pulse, which lasts only a few seconds. Backwash time therefore is much shorter than 
it is in the case of a precoated filter. In larger units, the filter elements may be grouped 
into sequentially pulsed registers. 

The solids displaced from the surface settle through the liquid in the vessel and 
enter the bottom cone. This serves as a sludge collector. The sludge can be removed 
through a timed bottom valve after each pulse, or sludge can be accumulated through a 
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number of filtration-backwash cycles before discharge. Each system will have its own 
optimum. 

At least conceptually, the potential of these filters goes far beyond replacement of 
the polishing filters. The ultimate achievement in the chlor-alkali brine process would be 
to take treated brine from the precipitation reactors and filter it directly in a single step 
to produce clear filtrate. This would combine the functions of the clarifier, the primary 
filters, and the polishing filters in a single step. Further discussion is in Section 17.3.1. 


7.5.5. Ion Exchange 

Properly treated and filtered brine is suitable for use in diaphragm or mercury cells. 
Before it can be used in membrane cells, its hardness must be reduced to ppb levels. The 
more rigorous specification is necessary because multivalent cations are able to travel 
into the membranes along with Na'*' and K"^. Section 4.8.6 discusses the mechanisms 
by which these ions damage the membranes. 

Early membrane cells operated at relatively low current efficiencies and were able 
to tolerate correspondingly higher concentrations of impurities. As membranes were 
improved and better results became possible, the requirements for brine purity became 
stricter. For a time, the addition of phosphate to the brine to sequester the hardness 
ions and prevent them from entering the membranes mitigated some of the effects of 
hardness. Finally, it became necessary to devise a process to increase the purity of the 
brine well beyond that obtained by chemical treatment, and ion exchange is now the 
standard technique. Several general reviews of the brine ion-exchange process itself are 
available [119-121]. 


7.5.5.1. Technology and Operation. Ion exchange is defined here as the reversible 
exchange of ions between a solid ion-exchange material and a liquid. During this process, 
the solid will not undergo any permanent change in its structure. Its duty is to exchange 
alkali metal ions (e.g., Na“*“) from its structure for alkaline earth ions (e.g., Ca^"*") from 
the solution. This is equally well a description of the duty of the ordinary water-softening 
resin. The important difference between water softening and brine purification lies in the 
composition of the fluid to be treated. Water contains low concentrations of both ions, 
and the selectivity of ordinary gel-type resins for calcium over sodium, while sufficient 
for the application, is probably less than 10. Chemically treated brine, on the other hand, 
contains calcium at a molarity around 10“^ and or Na"'" at a molarity of 4 or 5. Much 
higher selectivities are needed if most of the calcium is to be removed. Special resins 
are necessary, and so the process typically uses chelating resins having iminodiacetate 
or aminophosphonate end groups [120,122,123]. The typical resin in this service has a 
selectivity in the vicinity of 10^. 

The resins are based on standard styrene/divinyl benzene polymers with weakly 
acidic functionality. The first resins developed borrowed directly from chelation 
(L. chela = claw) chemistry. Compounds such as ethylene diamine tetraacetic acid 
(EDTA) when ionized have two monovalent anionic end groups that do in fact have a 
claw-like structure. They have a powerful affinity for divalent cations such as calcium 
and magnesium. When iminodiacetate functionality is built into a polymer, it provides 
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the same affinity to attract hardness ions from solution. When the first resins were used, 
hardness levels of a small fraction of a part per million became available. Brine hard¬ 
ness specifications dropped to 50 ppb, and the first true high-efficiency membranes went 
into commercial operation. The resins continued to improve, and other resins appeared 
that relied on the ability of phosphate compounds to attract calcium and magnesium. 
The newer aminophosphonic resins generally have better kinetics for the capture of 
magnesium and calcium, and so the permanent leakage of hardness through the beds is 
less [120]. With continuing developments in the field of ion exchange, many plants now 
can operate with less than 10 or 20 ppb hardness in their cell feed brine. As specialty 
items, the resins cost nearly 10 times as much as the mass-produced gel-type water 
softening resins [121]. 

The process takes place over fixed beds of resin. Because the resin in each bed 
functions in a semi-batch mode, a continuous system must have at least two beds, so that 
one can be taken out of service after picking up a certain amount of hardness and then be 
regenerated. The reaction sequence for an aminophosphonate resin in NaCl service is: 

Exchange: 

2 /?'CH 2 NHCH 2 P 03 Na 2 + Me2+ ^ (/?'CH 2 NHCH 2 P 03 ) 2 MeNa 2 + 2Na+ 
Regeneration: 

(/?'CH 2 NHCH 2 P 03 ) 2 MeNa 2 + 4HC1 ^ 2 i?'CH 2 NHCH 2 P 03 H 2 + MeCl 2 + 2NaCl 
Conversion: 

2 R'CH 2 NHCH 2 P 03 H 2 + 4NaOH -> 2 /?'CH 2 NHCH 2 P 03 Na 2 + 4 H 2 O 

“Me” refers to any bivalent metal. We can represent the normal working state of a resin as 
RNa*^, where R is either an aminophosphonic group as shown above (e.g., Duolite C-467, 
PuroliteS-940) [124,125] or an iminodiacetic group,/?'CH 2 N(CH 2 CO) 2 (ONa )2 (e.g., 
CR-10)[126]. A bivalent ion will occupy two exchange sites, so we can use the shorthand 
notation R 2 Me^“^ for that combination. The exchange process can be described as 

2RNa+ -i- Me^+ ^ R 2 Me^+ + 2Na+ 

Since this is an equilibrium process, the apparent equilibrium constant K can be written as 

K = [R2Me^“^][Na+]^/[RNa"^]^[Me^'^] (63) 

where [R 2 Me^'^] and [RNa"^] refer to the activities of Me^"^ and Na“^ on the resin and 
[Me^"^] and [Na"^] to the activities of the ions in solution. 

Recasting Eq. (63) results in: 

log[R2Me2+] = log[Me^+] + \ogK - log([Na'^]^/[RNa+]^) (64) 

The amount of uptake of the ion by the resin, that is, the capacity of the resin expressed 
in equivalents per liter of resin, is a function of the ionic concentrations in the solution. 
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It is sometimes assumed that the last two terms in Eq. (64) are constant. With this assump¬ 
tion, the resin capacity should be proportional to the activity of the bivalent ion. In brine 
softening, [Na"^] does remain essentially constant, but [/^Na"*"] continues to decrease as 
the resin takes up more of the other ion. The last term in Eq. (64) decreases as [Me^+] 
increases. The capacity of the resin for Me^"*” therefore is less than proportional to the 
concentration of the ion in solution. Figure 7.67 shows generalized isothermal equilib¬ 
rium data for calcium on a typical high efficiency resin [124-126]. The capacity over the 
fairly narrow range of typical industrial concentrations is approximately proportional to 
the 0.2-0.5 power of ionic concentration. 

The capacity vs concentration relationships required for designing a column are 
determined experimentally for a given resin and for a given set of conditions (e.g., pH, 
temperature, composition of the matrix), using a combination of static and dynamic 
methods. In a static test, the resin equilibrates with the brine from which a specific ion 
is removed. Tests at different concentrations of the ion establish an isotherm, which is a 
curve showing the equilibrium amount of ion held by the resin vs the concentration of 
the ion in solution. This is the equilibrium capacity discussed above. The performance of 
a resin in plant service also depends on the rate of mass transfer. This is a function of the 
structure of the resin and operating conditions such as temperature, pH, and flow rate of 
the brine. It is established by dynamic tests that involve passing a test solution through a 
column packed with the resin and analyzing the effluent solution for the ion under study. 
A plot of the ionic concentration in the effluent vs time or volume of fluid passed will 
increase from nearly zero to the level in the feed. The latter point also corresponds to 
the equilibrium capacity. 

One way of characterizing mass-transfer behavior is the concept of the transfer 
zone that is established. Here, one visualizes a front of brine with a certain concentration 
of hardness moving at uniform velocity into a fresh bed or increment of resin. The top 
of this resin (we assume downflow of the brine) picks up hardness and more or less 
quickly comes to equilibrium with the brine. In the section of bed immediately below, 
the concentration of hardness in the brine is depleted. The resin in this section then is 
less fully loaded. It continues to attract hardness ions, and the brine moves on with its 
hardness concentration further depleted. As we move down through the bed and continue 
this analysis, the concentrations of hardness continue to decrease. Finally, we reach a 
section at which the concentrations are indistinguishable from zero. We have established 
a concentration profile similar to that in Fig. 7.68. 

This shows the situation in a section of the bed at a given instant. When the top 
of the bed reaches equilibrium with the feed brine, it picks up no more hardness. It 
then passes a higher solution concentration to the next section, which in turn picks up 
more hardness until it reaches equilibrium with the feed brine. This sequence cascades 
through the bed. The result is the apparent movement of the mass-transfer zone through 
the bed. 

The sharp transitions and the linear profile in Fig. 7.68 are approximations, but they 
allow us to establish a “length of the transfer zone” (LTZ). This is a useful concept which 
at once characterizes the mass-transfer process (good mass transfer = short LTZ) and 
tells us what fraction of the bed’s equilibrium capacity can be utilized. When the leading 
edge of the mass-transfer zone reaches the bottom of the bed, breakthrough begins and 
the bed must be taken out of service. 
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FIGURE 7.67. Capacity of Duolite C-467 ion-exchange resin for calcium as a function of (a) concentration, 
(b) temperature, and (c) pH. Standard conditions: brine concentration 280 gL“^ NaCI; temperature 70°C; 
pH 10; (b) and (c) are from refs. [124,125]. 
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FIGURE 7.68. Transfer-zone concept. 



Figure 7.69 shows the breakthrough phenomenon directly. It gives the results of 
dynamic tests that were allowed to continue well beyond breakthrough. Results are good 
at the beginning of each run, and the effluent concentration of hardness is close to zero. 
At some point reflecting the dynamic capacity of the bed, the concentration begins to rise. 
If the runs were continued long enough, the feed and effluent concentrations would be 
equal. In terms of Fig. 7.68, this latter period shows the transfer zone gradually moving 
past the end of the resin bed. 

The process variables with the greatest influence on the dynamic performance of an 
ion exchanger are temperature, pH, and the space velocity of the brine. Space velocity 
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of a fluid through a vessel is defined as the volumetric flow rate of the fluid divided by 
a volume representative of the capacity of the vessel. It has the units of reciprocal time. 
The volume chosen here is that of the bed with the resin in its sodium or potassium form. 
Figures 7.70 and 7.71 illustrate the effects of the primary variables. Describing these in 
terms of Fig. 7.68, we can say that higher temperature or pH increases the rate of mass 
transfer and therefore reduces the LTZ. Higher space velocity also reduces at least the 
mass-transfer resistances external to the resin. While the transfer rate increases, it does 
so less than in proportion to the flow rate, and so the distance in the bed required for a 
certain reduction in concentration is greater. In other words, the LTZ increases. 



FIGURE 7.70. Variation of resin capacity with space velocity of brine. 


(a) (b) 




FIGURE 7.71. Effects of operating variables on capacity of resin, (a) Effect of temperature, and (b) Effect 
of pH. 
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The resin capacity increases continuously with temperature. Eventually, the effect 
is limited by the materials of construction and the thermal stability of the resin. The 
maximum service temperature of the resin will be 85°C or 90® C, and some margin should 
be allowed to ensure long resin life. The temperature dependence is not exponential; the 
rate of increase of capacity actually declines as the temperature increases. 

Resins perform better on alkaline brine, and their capacity increases continuously 
with pH. The rate of increase becomes less at higher pH. Since brine is already alkaline 
from chemical treatment, there is a good match and the practical approach normally is 
to use the brine as it is. Not only would there be little benefit from the addition of more 
caustic, but residual traces of metal hydroxides might precipitate and foul the resin beds. 
Furthermore, at high pH, some of the residual magnesium may be colloidal. This can 
foul the beds or break through and be present in the cell feed brine. 

The choice of space velocity is in part a classical economic balance problem. A high 
space velocity reduces the size and the cost of the ion-exchange installation but reduces 
the dynamic capacity of the resin and so increases the consumption and cost of regenerant 
chemicals. Reducing the height of the bed also decreases the pressure drop through the 
bed and therefore the pumping cost. Wolff’s data [127] for a typical aminophosphonic 
resin (Duolite C-467) and NaCl brine flowing at 60® C show that the pressure drop per 
meter of bed is about 


AP = 10 - 0.25V + 0.0175 V^ 


(65) 


where 

A P = pressure drop (kPa m“ ^) 

V = superficial velocity of brine (m hr” ^) 

This is illustrative only and not suitable for design calculations. It indicates that the 
pressure drop in a bed 2 m high with an operating space velocity of 15 hr”^ should be 
about 36 kPa. 

Table 7.15, based on the curve in Fig. 7.70, shows the effect of design space velocity 
on several parameters. The first three calculated columns are normalized against a space 
velocity of 10 hr“^, at which rate the dynamic capacity is taken to be 14 g Ca The 
length of run is presented in real-time units in order to give a feel for the possibilities. 

Calculation of the length of run assumes that the brine contains 10 ppm calcium. To 
avoid breakthroughs, runs are limited to 75% of the maximum capacity. The frequency 

TABLE 7.15. Effect of Space Velocity on Performance of 
Ion Exchanger 


Hourly space 
Velocity 

Bed size 

Capacity 
for Ca^"*" 

Regenerant 

consumption 

Length of 
run (hr) 

10 

100 

100 

100 

105 

15 

67 

80 

125 

56 

20 

50 

66 

153 

35 

25 

40 

56 

179 

24 

30 

33 

51 

194 

18 
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TABLE 7.16. Dynamic Resin Capacities for 
Group II Elements 


Element 

Concentration in 
solution (ppm) 

Breakthrough 
capacity (relative) 

Magnesium 

1 

100 

Calcium 

10 

94 

Strontium 

1 

62 

Barium 

1 

25 


Calculated from data of Yamaguchi et al. [128]. 


of regeneration is inversely proportional to the length of the run. Since bed volumes are 
smaller at high space velocities, the number of regenerations must be multiplied by bed 
size to get the total regenerant consumption. 

The entire discussion above is in terms of calcium removal. The other alkaline earth 
elements must be regulated as well to meet the specifications of the membrane supplier. 
As the specifications in Table 4.8.8 show, strontium and barium are less harmful than 
magnesium and calcium. This is partly because the heavier elements are less likely to 
penetrate the membranes. For similar physical chemical reasons, these elements are also 
less susceptible to capture by ion-exchange resins. Yamaguchi et al. [128] published 
breakthrough curves for Group II ions over an iminodiacetate resin. Calculated ratios of 
capacities [129] are in Table 7.16. Capacity drops steadily as atomic weight increases. 
Dissolved magnesium is seldom a serious problem in ion-exchanger operation. Calcium 
normally is expected to control the design, but quite frequently strontium or barium 
becomes the controlling element. 

The aminophosphonic resins have found wide use because of their higher operating 
capacities for calcium and magnesium. The resins originally developed did not always 
have similarly high capacities for strontium and barium. This prevented their use in some 
plants. Newer versions are said to show a 20% increase in operating capacity for Ca^"’" 
and a doubling of the capacity for Sr^"^ and Ba^+ [130]. 

The discussion so far has restricted itself to the exchange of a single component 
from the brine. When more than one ion is to be removed, the ions must compete for the 
available sites. If we take the combination Ca^"^ and Sr^“*' or Ba^"*" as an example, we 
see from the sequences above that calcium is the more strongly held ion. At the start of 
a cycle in a fresh bed, the two ions will distribute according to their concentrations and 
the relative selectivity of the resin. The calcium will be absorbed more quickly and the 
other ion will, on the average, penetrate farther into the bed. As the cycle continues, the 
calcium ion that enters the bed will find most of the sites at the entrance to the bed already 
occupied. It will pass on to other sections of the bed, which will now be exposed to higher 
concentrations of Ca^"^ and, therefore, higher ratios of [Ca^'^]/[Sr^“*"] or[Ca^+]/[Ba2+]. 
The calcium ion will begin to displace the strontium or barium ion that has already been 
picked up by the bed. The weakly held ion is gradually displaced by calcium, as shown in 
Fig. 7.72, and as a result it breaks through the bed earlier than it would in the absence of 
calcium. In practice, many operators find that strontium or barium governs the capacity 
of their systems, even when present only in low concentration. Figure 7.73 is an example 
of this effect. The strontium ion breaks through long before the calcium ion. This situation 
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FIGURE 7.72. Displacement of strontium from resin by calcium. 



FIGURE 7.73. Simultaneous removal of strontium and calcium. Solid curves: strontium; dashed curves: 
calcium. 


emphasizes the need for testing on the plant brine or simulation by the resin vendor as 
part of the design process. 

It is possible to make a first estimate of the size of the columns by assuming the 
effects of the different ions to be additive. Thus, the required bed volume is related to 
the volume required for a given single element by 

K„/ Vi = 1 + C 2 G 1 /C 1 Q 2 + C 3 Q 1 /C 1 03 + • • • (66) 


where 

Vn = bed volume required for the removal of n different elements 
Vi = bed volume required for the removal of base element 
Ci = concentration of element i in solution 
Qi = capacity of resin for element i 

This is mathematically equivalent to assuming that when the amount of a given element 
that has entered the bed is x% of the bed’s capacity for that element, it accounts for x% 
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of the available sites. This contradicts the above analysis, but it has a certain degree of 
accuracy and serves its purpose. 

We should note that the relative affinity of the various ions varies with pH: 

pH = 10: Hg2+ > Mg2+ > Ca2+ > St^+, Ba^+ > Al^+ 

pH = 8: Mg2+, Ca^+, Al^+ > Hg^^ > 

pH = 6: aP+ > Mg2+ > Ca2+ > > Sr2+ > Ba^^ 

This knowledge is essential, as the ions with lesser affinity will break through first, 
having been displaced by ions having greater affinities. In this respect, we might regard 
the ion-exchange bed as an ion chromatograph. The shifts in the list can be exploited in 
the process. Section 7.5.8.2, for example, discusses the use of ion exchange at lower pH 
to remove the aluminum ion. 

The important point to be taken from this discussion is that the plant designer needs 
access to the full analytical history of the salt or brine supply. If data are insufficient, 
collection of new data should begin before or early in the process of plant design. 

Another important point is that a freshly regenerated ion-exchange bed usually has 
a comfortable amount of excess capacity and can tolerate excursions in hardness level. 
In terms of the discussion in Section 10.5.3, a substantial increase in hardness level does 
not add greatly to the number of transfer units required in the process. As long as the bed 
has some residual capacity, it can produce brine of high quality. The total capacity for 
hardness also increases as the concentration increases in solution. While the resin holds 
more Ca^“^, however, the amount of brine that it can process falls rapidly. Doubling the 
concentration of calcium in the brine increases the ion-exchange capacity by about 15% 
but reduces the volume of brine that can be handled by more than 40%. The operator 
must be aware that continued use of less-pure brine saturates the resin more rapidly and 
requires more frequent regeneration. 


7.5.5,2. Regeneration 

7.5.5.2A. The Regeneration Process. Before hardness begins to break through, a bed 
should be taken out of service to regenerate the resin. Several steps are involved, as 
described below and summarized in Table 7.17. The discussion that follows considers 
these steps in order. 

Chlorate forms in the cells by reaction of chlorine with back-migrating hydroxide 
ions. It circulates with the depleted brine and is present in low concentration in an ion 
exchanger when it is taken offline for regeneration. During regeneration of the resin with 
acid, there is a danger of decomposition of this chlorate to form chlorine and chlorine 
dioxide. These will attack the resin vigorously. Before regeneration, therefore, the brine 
must be displaced, and the first step in the process is a rinse with about five bed volumes 
of water. 

Next, backwashing the bed removes fractured beads and any solids deposited by 
the brine. Expansion and resettling of the bed destroy channels that may have formed 
and reclassify the resin. Backwashing should expand the bed 50-75% for about 30 min. 
Depending on the temperature of the water, this requires a flow rate somewhere between 
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TABLE 7.17. Ion-Exchange Resin Regeneration Sequence 


Operation 

Fluid 

Flow rate 

Quantity or time 

Direction 

Displacement 

Water 

4 

4-6 BV 

Down 

Backwash 

Water 

8-12 

30 min 

Up 

Regeneration 

HCl 

2--6 

100-200 gpl 

Down 

Rinse 

Water 

2-A 

2BV 

Down 

Conversion 

NaOH 

2-A 

80-150 gpP 

Up 

Rinse 

Water 

2-A 

2BV 

Down 

Service 

Brine 

10-30 

Variable 

Down 


Notes: 

" 100-200 gpl KOH. 

HCl and NaOH solutions are 4-10% by weight; quantities are g of reagent per 
liter of bed. 

BV = bed volumes; based on density of charge in its active form. 

Flow rates are in bed volumes per hour. 


5 and 15 bed volumes per hour. The flow rate of water must be roughly matched to 
its temperature. A decrease of 20°C in water temperature will increase the degree of 
expansion of the bed by about 70%. With one typical resin, bed expansion data at 40°C 
are correlated by 


AV =4,53(m-1.67) 


(67) 


where 

A \^ = volumetric bed expansion, % 
u = superficial velocity of water, m hr”* 

With the same resin operating at lower temperatures, the following factor applies to 
Eq. (67): 


F{t) = 2.8 - 0.065f + 0.0005/2 
where t is the temperature of the water (°C). 

Example. Warm water (40°C) is being used to backwash a bed of resin whose expansion 
characteristics follow Eq, (67). The superficial velocity is now 15 mhr”*. A change in 
the plant utility system will reduce the temperature to 25 db 5°C. 

Presently, the expansion of the bed is 4.53(15 — 1.67) = 60,4, say, 60%. Reducing 
the temperature of the water to 25°C gives F{t) = 2.8 — 1.625 + 0.3125 = 1.49. The 
degree of expansion at the same linear velocity will increase by about 50%, and there 
will be more danger of the loss of resin. To return to the present degree of expansion, 
the quantity in parentheses in Eq. (67) should be reduced by the factor calculated from 
Eq. (68). We have 


w - 1.67 = (15 - 1.67)/1.49 

giving u ^ 10.6mhr”*, nearly a 30% reduction. With a 5®C tolerance in water tem¬ 
perature, F(t) can vary from 1.3 to 1.7. With the flow rate adjusted for 25°C water, the 
changes in temperature will allow the bed expansion to vary between 53% and 69%. 
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Depending on the plant situation and the specific design characteristics of the vessel, 
this may be tolerated or offset by adjusting the backwash flow to suit the temperature. 

The first objective of regeneration is to remove the hardness ions attached to the 
resin. In the process, sodium and potassium ions also are removed. HCl solution (3-15%) 
is the regenerant. The time and rate of application depend on the concentration of the 
solution. A typical flow rate is about four bed volumes per hour. A total dosage is 
specified, rather than a volume of solution. Depending on the resin, this is usually 
between 100 and 200 g HCl per liter of resin. 

Trivalent cations are strongly attracted to the resin and resist removal by acid. 
When they are present in the brine in unusually high concentration, or when they gradu¬ 
ally accumulate on the resin, the acid concentration and dosage in regeneration can be 
increased [131]. 

Before the next step in treatment of the resin, the free acid solution is rinsed from 
the bed with about three volumes of water. Then the resin is converted to the active 
(Na“^ or K"*") form by a solution of NaOH or KOH. The concentration and flow rate are 
similar to those used when regenerating with HCl. The total dosage in sodium service is 
80-150 g NaOH per liter of resin. 

Note that the quantities of acid and caustic used in regeneration are well in excess of 
theoretical requirements. Conversion with NaOH or KOH is more efficient than regener¬ 
ation with HCl. Normal HCl usage is about 20% greater than alkali usage, and the total 
effluent, if mixed, will be acidic. 

After conversion to the active form, the resin is ready to be put back into service. 
Since the bed still contains a caustic solution, another rinse with about two bed volumes 
of water is necessary. Finally, brine is introduced. The first solution leaving the column 
will be dilute and may be segregated. 

All water used in the ion exchangers must be free of hardness. While demineralized 
water is nearly always used, soft water also meets this test. A disadvantage of soft water 
is that it is not possible to check the efficiency of a rinse step by a simple conductivity 
measurement. 

The resin is exposed to several shocks, both thermal and osmotic, in the regeneration 
sequence. The resins used are quite resistant to these shocks, and in fact replacement 
rates are only a few percent per year. One notable effect with implications in vessel 
design is the change in bead density between forms. The sodium form can be 35% less 
dense than the hydrogen form, and the bed must be free to expand while being converted. 
Upward flow of the caustic solution is useful from this standpoint, even as it provides a 
countercurrent regeneration. 

The resin in its sodium form has a bead specific gravity greater than 1.1 but a bulk 
density of only about 0.75. The effective size of a bead is about 0,5 mm, and the PSD 
is fairly narrow (uniformity coefficient < 1.7). Like most ion-exchange resins, it has a 
great capacity for holding water (~60-65%). 


7.5.5.2B. Disposal of Regeneration Effluent. The simplest way to handle regeneration 
effluent is to divert water and weak salt solutions to drain, collect the rest together, 
and neutralize the excess acid for disposal. However, from analysis of some of the data 
in Table7.17, we see that regeneration will take about 5hr and produce 15-20 bed 
volumes of “waste.” For each daily ton of chlorine capacity, this represents about 
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0.6 per regeneration. If a bed is on line for 24 hr out of 30, an 800-tpd plant will 
have 100,000 per year of spent regenerant for disposal. Even allowing for the fact 
that the segregation of water and weak brine reduces this volume greatly, there is a strong 
incentive to conserve the effluent. Some of the acid and caustic may be recycled or reused 
in the ion-exchange system. Little information has been published on this approach, and 
it is difficult to say how extensive this reuse could be. 

Acid and caustic are the most expensive materials used in regeneration and also 
the most awkward disposal problem. Consumption of acid in the columns produces the 
chlorides of the bivalent metals: 

/?2Ca 4- 2HC1 ^ 2RH -h CaC^ 

These contaminate the solution containing the excess HCl and bar its use in the cells or 
pure brine system. It is still suitable for use in brine dechlorination. The demand in the 
dechlorination step is greater than the supply of acid from regeneration, so that all the 
acid might be disposed of by recycle. The bivalent metals simply accompany the brine 
in its next pass through chemical treatment, where they precipitate. For best operation of 
the dechlorination process, the acid supply should be of constant strength. The acid flow 
from regeneration is sporadic and variable in concentration. Some engineering solution 
to the problem of blending new and used acid is required when choosing this option. 

The caustic used to convert the resin to the active form is diluted but not 
contaminated by its primary reaction with the resin: 

/?H + M+ + OH~ ^ /?M + H 2 O 

It should be possible, then, to use the caustic effluent and the subsequent rinse water in 
the process. The equation above does not preclude blending this caustic with the cell 
product. Before doing so, the operator would be prudent to examine every opportunity 
for contamination and adopt a rigid quality control program. Another logical application 
is in the chemical treatment system. Again, the demand usually is sufficient to consume 
all the caustic from regeneration, given some means of assuring a constant concentration 
at the treatment tanks. A third application not so closely linked to the process is the 
preparation of dilute caustic for utility use. Most plants will have a facility for production 
of dilute (perhaps 20%) caustic that may be used for vent neutralizations as well as in 
the emergency vent scrubber. 


7.5.5.5. Mechanical Details 

7.5.5.3 A. Column Internals. The analogy of brine softening to water softening does not 
extend to mechanical design. The systems used to soften water are not suitable for our 
application, where exposure conditions are quite different. More robust construction is 
necessary. While chemical compatibility with brine is essential, it is not the only con¬ 
sideration. Mechanical and thermal stability is also important. Distortion of a distributor 
or collecting screen, for example, can allow loss of resin or channeling of fluid. 

Ion-exchange colunms are quite similar to bed filters in their construction. 
Figure 7.74 shows a typical vessel and its connections. Since flows are upward and 
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Vent 



FIGURE 7.74. Arrangement of connections to ion-exchange vessel. 


downward at different points in the cycle, distributors are necessary both above and 
below the bed. These may be designed as parallel pipes across the width of the vessel or 
as hub-and-lateral systems with central feed and radial distribution. To maintain the dis¬ 
tribution of regenerant acid across the bed, it should be added within 10-30 cm of the bed 
level [132]. Supports, including nozzle plates and underdrains, are conventional in design 
and usually follow the supplier’s standard practices. Subsurface washing, in which the 
backwash fluid is injected into the bed close to the surface, is often a feature of resin-bed 
design. It allows removal of deposited solids without full-scale backwashing. Because of 
the scrupulous filtration described above, it is not widely used in brine softening systems. 


7.5.5.3B. Materials of Construction. The vessels are of carbon steel with rubber lin¬ 
ing. Different polymers are used, sometimes in combination to give layers of differing 
hardness. The manufacturer, with the designer’s approval, usually determines this. Tank 
nozzles should be lined with the same material. It is essential from this point on in the 
process and until depleted brine leaves the cell area that the materials in contact with the 
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brine contain nothing that can contaminate the brine and ultimately damage the mem¬ 
branes. The complete formulation of a lining material, not just the base polymer, must 
be reviewed. 

Internals of simple shape may be rubber-coated. Other internals, such as distribut¬ 
ors', are built of such materials as Hastelloy, titanium, and CPVC, CPVC can be used for 
external piping and as the piping for the flow distributors. While it is chemically accept¬ 
able, it should be verified that it contains no harmful fillers or compounding agents. PVC 
structurally may be an adequate substitute for CPVC in certain instances, but it is more 
likely to contain hardness elements in its compounding ingredients. Equipment design¬ 
ers should take particular care with the support of nonmetallic internals. Their distortion 
at process temperature and under maximum flow rates can upset flow distributions and 
allow resin particles to escape. Metals have the advantage in this regard. 

The vessels should also have sight glasses that allow the level of the beds and the 
extent of expansion during backwash to be checked. Acrylic polymers are suitable here. 


7.5.5.3C. Number of Beds. Once a basic process specification for an ion-exchange sys¬ 
tem is set, many of the mechanical details become important to commercially successful 
operation [133]. The first decision to be made is the number of resin beds to be installed. 
Since off-line time must be allowed for regeneration of the resin, the minimum num¬ 
ber in a continuously operating commercial installation is two. Each bed then must be 
capable of the full process duty. In a practical system, operating time for a bed will be 
considerably longer than regeneration time. It is therefore possible to keep both beds on 
line most of the time, and this practice is to be recommended. It increases the pressure 
to be generated by the feed pump, but it also provides some protection against upsets 
in primary brine treatment, incomplete regeneration of a bed, and gradual loss in resin 
inventory or capacity. Figure 7.75 is a schematic of a two-bed system. The table shows 
the valving for both beds in operation, in different sequences, as well as for one bed in 
operation with the other off line. 

A third bed might be considered for either of two reasons: 

1. to allow some reduction in resin inventory; 

2. to provide more security against breakthrough of hardness. 

With three beds, two can be kept in operation at all times, barring maintenance outages. 
It is not essential to meet the full process duty in one bed. If hardness begins to break 
through the first bed in line, the second is still available to maintain outlet brine purity. 
The amount of resin in each bed therefore can be reduced. If we take as a limiting case 
cutting the volume in half, we see that the total volume of resin could be cut by up 
to 25%. Keeping the same linear velocity, the cross-sectional area of the beds and the 
freeboard height above the expanded resin volume would be the same as in the full-duty 
case. If the beds represent half of the straight-side height of the vessels, cutting the bed 
heights in half would save nothing on vessel heads or internals and 35^0% on height. 
The savings offered by this approach are not large in percentage terms, but in a large 
plant they may be considered worthwhile. 

Turning to the second reason, having two full-size beds on line at all times adds to the 
process security. Any small breakthroughs of hardness while one bed is in regeneration in 
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Bed(s) 
On Line 
A 
B 

AB 

BA 


Valve Position 


1 2 3 4 5 
O X X X o 
X O X X X 
O X O X X 
X O X o o 


O = open X = Closed 


X 

O 

O 

X 


FIGURE 7.75. Two-bed flow schematic. 


a two-bed system may have individually imperceptible effects but eventually will affect 
membrane performance and life. The three-bed approach has the advantage of allowing 
two beds to operate at all times regardless of regeneration activity. It can be expected to 
reduce the number of minor breakthroughs and perhaps to prevent the occasional serious 
breakthrough. The value of this is hard to quantify. With the aid of the data of Table 7.15, 
however, we can analyze one aspect by determining the probability that, in a two-bed 
system, only one bed is on line at a given time. 

The last column of Table 7.15 gives the length of a run as a function of the space 
velocity. By allowing a constant 6 hr off line for regeneration, we can calculate the 
percentage of time the system is left with only one bed in operation. Table 7.18 shows 
these percentages as a function of space velocity and converts them into the equivalent 
number of hours per day. Increasing the space velocity from 10 to 30hr~^ increases the 
average off-line time from about 1.3 to 6 hr a day. Low space velocities therefore offer 
more security, and this is a factor other than cost to consider when optimizing design. 

The third bed, fully integrated, also gives some protection against unscheduled 
maintenance outages. While two-bed installations are quite common in plant practice, 
then, it is the authors’ opinion that the addition of the third bed will improve the per¬ 
formance of the cells and extend the life of the membranes. When a third bed is added 
for security, there are two approaches to its integration into the system. In one, it is con¬ 
sidered to be a guard bed only and is always the last bed in flow sequence. Switching and 
regeneration of the other two beds are fully automated, and the brine flows from them 
to the guard bed. The guard bed is regenerated less frequently, by operator intervention. 
It may be smaller than the other beds. In the other approach, all three beds are equal 
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TABLE 7.18. Two-Bed System—Regeneration 
Off-line Time 


CHAPTER? 


Space velocity 
(hr-l) 

Length 
of run (hr) 

Off-line 
time (%) 

Off-line time 
(hrday“^) 

10 

105 

5.4 

1.3 

15 

56 

9.7 

2.3 

20 

35 

14.8 

3.5 

25 

24 

20.3 

4.9 

30 

18 

25.2 

6.0 


Brine 



Brine 

Out 


FIGURE 7.76. Three-bed “merry-go-round.” 


and are taken off line for regeneration in sequence. The usual arrangement (Fig. 7.76) 
is as a “merry-go-round.” Designating the beds as A, B, and C, the brine flow sequence 
progresses from A-B-C to B-C-A to C-A-B and then repeats. Full flexibility to include 
the sequences C-B-A, B-A-C, and A-C-B is not common; as will be seen below, the 
complexity of the system increases for what is considered to be only a small gain. 


7.5.5.3D. Delivery of Regenerants. Regenerants are HCl and NaOH or KOH. The con¬ 
centrations used range from 3% to 15%. Dilution of the primary supplies, which are at 
concentrations above 30%, is necessary. This can be accomplished in several different 
ways. Three conunon approaches are 

1. transfer to the process by water-powered eductors; 

2. separate metering of water and concentrated solution; 

3. predilution and storage at use concentration. 

In the first method, demineralized water is used on eductors that draw the concentrated 
solutions from small storage tanks. Setting the flow of water properly and adding a 
variable restriction on a regenerant suction line allow the correct mixture to be sent to 
the beds. In the second method, concentrated regenerant is pumped to a mixer where it 
is combined with a metered flow of water and sent to the resin bed. A ratio controller is 
used to obtain the correct mixture. In the last method, regenerant solution and water are 
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blended and held in a tank for later use. As we move down the list of methods, we trade 
capital expenditure and increased operator attention for security and more efficient use 
of chemicals. 

The usual approach to restricting the flow in the first method is to use a manual 
valve that can be locked into position. Once this is set at startup to give the right mixture, 
it theoretically need not be adjusted again. This arrangement minimizes the capital cost 
and is used most often in small NaOH plants. Stepwise adjustment of the restricting 
valve does not allow precise adjustment of the blended concentration, and any error 
must be on the high-concentration side. This increases the consumption of regenerant 
chemicals. Wear or relaxation of the valve also can permit drift. The second method 
improves the accuracy of blending and allows finer adjustment of concentration. Like 
the first, it provides no buffer between mixing and the process. There will also be a short 
startup period during each regeneration in which the control system is hunting and the 
blend is not quite correct. The third method is the high-cost approach. Its advantages 
are that it is the only method of the three that allows errors to be detected before use 
and that preparation of the blended solution is uncoupled from the regeneration process. 
Solutions can be made in convenient quantities at any time before use. 


7.5.5.3E. Possibilities of Recontamination. The exceptional purity of softened brine 
raises the question of recontamination. Consider polymeric materials of construction. 
While the base polymer may be quite suitable for pure brine service, most fabrication 
involves compounding ingredients. PVC, for example, when extruded into pipe often 
contains large amounts of calcium carbonate (this sort of contamination is less likely 
with CPVC). Polypropylene often contains calcium stearate as a processing aid. Pure 
brine can leach hardness from such materials, and there have been cases in which they 
have contaminated brine. Formulations containing harmful elements should not be used 
in or downstream of the ion-exchange system. Suppliers may be reluctant to divulge full 
details of proprietary compositions, but they can be expected to certify the absence of 
specific harmful substances. 

Contamination of brine by sample containers is a problem in itself. Laboratory 
results can be worse than useless if a brine sample picks up some contaminant before 
analysis or in some way interacts with the sample container. Cross-contamination can also 
destroy the purity of the treated brine. Bypassing of feed brine or partially treated brine 
must be avoided. If chemically treated brine contains 5 ppm of hardness, for example, 
bypassing of 0.1% into the product of the ion exchangers will contribute 5 ppb of hard¬ 
ness, a substantial fraction of the acceptable maximum. Startup lines and convenience 
lines increase the possibility of bypassing. The frequent switching of valves within the 
ion-exchange unit presents another danger. As the system becomes more complex, more 
valves appear which can allow partial bypassing of the process. While high-quality valves 
are expected to be very reliable, problems can arise with actuators and valves can reseat 
improperly. The latter effect might be caused by an accumulation of resin beads washed 
from the beds. 

Perhaps more serious would be the bypassing of small quantities of regenerant 
solutions. The worst case would be leakage of hardness-laden HCl effluent, which has a 
much higher concentration than the feed brine itself, into the product brine. 
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Figure 7.76 showed the major process valves in a three-bed merry-go-round. 
Table 7.19 is a valve-position chart. The number of automatic switching valves in process 
service increases from 6 (in the two-bed case) to 9. The bold entries show valves that are 
separating fully softened brine from feed brine when all three beds are operating. In each 
case, there is one such valve. The same is true of a two-bed system. The time-averaged 
probability of complete bypassing becomes the same for every bed sequence. While 
the addition of more valves increases the chance of finding a leaking valve, that valve 
spends less time in the critical position. The sketch of the system does not show the 
complex valving arrangement that results when regenerant solutions, rinse water, and 
drains are included. Figure 7.77 is a sketch that includes this piping. The complexity is 
evident. During a regeneration step on any bed, the regenerant valves on the other beds 
are under pressure on the regenerant side. If the pressure is high enough, there is some 
danger of leakage of fresh regenerant into a working column. This would move the brine 
away from its optimum pH. Caustic would increase the probability of precipitation of 
hydroxides, and acid would reduce the working capacity of the resin. 

At the same time, when one of the three beds is being regenerated, two valves 
are separating product brine from regenerant solution. During regeneration of bed B, 
for example, the two valves are #5 and #8. While #5 is more likely to pass regenerant 


TABLE 7.19. Three-Bed Ion Exchanger—Valve 
Position Chart 


Bed sequence 



Valve positions 




1 

2 

3 

4 

5 

6 

7 

8 

9 

AB 

O 

X 

X 

X 

O 

X 

X 

O 

X 

ABC 

o 

X 

X 

X 

o 

O 

X 

X 

O 

BC 

X 

O 

X 

X 

X 

O 

X 

X 

O 

BCA 

X 

O 

X 

O 

X 

o 

O 

X 

X 

CA 

X 

X 

O 

O 

X 

X 

O 

X 

X 

CAB 

X 

X 

O 

O 

O 

X 

X 

O 

X 


Notes: O = open; x,X = closed; X = bypasses untreated brine. 


Filtered Brine 






Dilute 
H Acid 
^ Pure 
Water 


Treated 
-I Brine 
^ Waste 
^ Dilute 
Caustic 


FIGURE 7.77. Three-bed piping arrangement. 
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TABLE 7.20. Valving Complexity in 
Ion-Exchange Systems 


Number of beds 

2 

3 

3 

Number of flow directions 

N/A 

1 

2 

Number of switching valves 
Number allowing bypassing 

6 

9 

12 

One bed 

2 

2 

3 

Two beds 

1 

2 

4 

Three beds 

N/A 

1 

1 


because of the higher pressure level, the worst situation would be acid bypassing valve 
#8. This would allow a stream with very high hardness concentration to enter the product 
brine and jeopardize operation of the electrolyzers. The probability of this sort of con¬ 
tamination can be reduced by double valving or by maintaining a low back-pressure on 
the acid effluent. 

Again, the same is true in a two-bed system. In either the two-bed or the three-bed 
approach, all but the brine inlet valves (one third of the total number) are in critical 
service at some time during each bed cycle. 

In the conventional three-bed merry-go-round, it is not possible to take one bed 
out of service and operate the others as a normal two-bed system. This is due to the 
unidirectional sequencing. If bed B of Fig. 7.76 is out of service, for instance, it is 
possible to run the sequence CA but not the sequence AC. A two-way merry-go-round 
is necessary for full flexibility. This allows the three beds to run in any sequence, and 
it allows any two beds to run in either sequence. This convenience comes at a price 
(Table 7.20). The piping is more complex, and the system requires 12 process-switching 
valves. This compares to six in a two-bed unit and nine in a one-way merry-go-round. 
The potential for bypassing or cross-contamination also increases. With all three beds on 
line, there are now three process valves that can allow bypassing of one bed; four valves, 
two beds; and one valve, all three beds. The same numbers for the simpler configuration 
are 2, 2, and 1. Allowing the second direction of flow around the system has added one 
valve in the first category and two valves in the second. When two beds are operating 
and one is in regeneration, the two-way merry-go-round adds two valves that separate 
regenerant from the brine between the two operating beds and one valve that can allow 
raw brine to bypass ion exchange altogether. 

Few plants have chosen to provide the two-way merry-go-round. 


7.5.5.4. Analytical Requirements. Brine plant operators often perform control analyses 
for hardness after primary treatment. These are simple titrations that can be performed 
by a skilled operator who is not a laboratory specialist. After ion exchange, the same 
components must be analyzed, but the task is more daunting. The standard volumetric 
analysis is said to be useful down to 0.1 ppm with an accuracy of ±0.05 ppm, which is 
50% of the true value at the low end [119]. 

With brine, we do well to recognize two categories of analysis. One group of ana¬ 
lyses has as its purpose the shift-by-shift guidance of the brine system operators. These 
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TABLE 7.21. Required Analytical 
Frequencies 


Parameter 

Frequency 

Feed concentration 

Continuous 

Anolyte concentration 

Continuous 

Anolyte acidity 

Continuous 

Chlorate in anolyte 

Once a day 

Hardness (Ca + Mg) 

Continuous 

Strontium 

Once a week 

Sulfate 

Once a day 

Iodine 

Once a week 

Barium 

Once a week 

Aluminum 

Once a week 

Silica 

Once a week 

Catholyte concentration 

Continuous 

Chloride in catholyte 

Once a week 


should be simple and quick at the expense of the highest accuracy. Operating control 
analyses belong to this category. Another group has as its purpose the long-term protec¬ 
tion of the electrolyzers. This group includes analyses that are necessarily complex and 
those that are intended to monitor trace components. It also includes hardness analysis 
of the highest accuracy. These analyses require the use of atomic absorption techniques 
and the attention of trained laboratory personnel. The appendix to Section 4,8 gives the 
type of analysis recommended for each species. 

Each plant needs an analytical schedule that is followed faithfully. Each rel¬ 
evant analysis must be performed at a specified frequency. Since most chlor-alkali 
plants are built under some form of electrolyzer licensing arrangement, much of the 
analytical schedule is fixed by contract. In any event, the advice of suppliers of elec¬ 
trolyzers, membranes, and electrodes and their coatings is very important. Table 7.21 
shows the recommended analyses and their frequencies for cells equipped with Nafion® 
membranes [134]. 


7.5.6. Acidification of Feed Brine 

Acidification of brine before sending it to the electrolyzers is the standard but not uni¬ 
versal practice. Purified brine is alkaline and contains carbonate added in excess during 
chemical treatment. Both OH” and reduce the effective anode current efficiency 
by consuming chlorine in the cells. The addition of HCl to the brine neutralizes the 
contained OH“ and decomposes the CO 3 ' to CO 2 and water. More chlorine is produced 
with no increase in electrical load. Addition of excess acid can even neutralize some 
of the OH” that enters the anolyte by leakage back through diaphragms or membranes. 
Section 4.4.3 gives a more fundamental explanation of the effects of acid addition. 

This improvement in yield may be illusory in a plant that produces its own HCl for 
this purpose. While more chlorine is produced in the cells, it is then consumed in HCl 
synthesis to allow the return of the acid to the process. In a plant without an HCl unit. 
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the economics depends on the price of the HCl supply. Note that at least in a membrane¬ 
cell plant, the quality of the purchased HCl must be quite high. When the costs are 
unfavorable, a situation not often found in large plants, a plant might elect not to acidify 
the feed brine. 

This section discusses the technical aspects of brine acidification and considers the 
requirements for acid supply. 


7.5.6.1. Technical Aspects of Acidification. Acidification has other benefits besides the 
apparent increase in current efficiency noted above [135]. Anode life may be shorter 
when the brine is alkailine, because of the leaching of ruthenium oxides from the coating. 
Another result of hydroxide ion leakage is direct electrochemical formation of oxygen 
at the anode (Section 6.5 and Eq. 6.9). This oxygen and the CO 2 formed from carbonate 
will be present in the cell gas. They will reduce the efficiency of chlorine processing. 
Other chapters discuss this aspect as well as the feasibility of using gas directly and 
without liquefaction in the production of derivatives such as ethylene dichloride (EDC). 
In this particular example, the presence of oxygen in the gas can affect performance 
of the EDC process. The benefits obtained in downstream processing are an important 
factor in the decision on whether or not to add acid to the brine. 

Bergner’s data on the effect of anolyte pH on the oxygen content of a cell gas are 
shown in Fig. 7.78(a). Without acidification, the oxygen content was about 2%. The data 
suggest that this can be reduced to almost an arbitrary level by acid addition. The curve 
is very nearly exponential, with each unit reduction in pH cutting the oxygen content 
in half. However, the extent of acidification must be limited, because an anolyte pH 
below two can destroy carboxylate membranes by hydrolyzing the active groups to the 
nonconductive -COOH form. The pH of the feed brine can be lower than two, provided 
that the brine is premixed with an anolyte recycle or dispersed rapidly in the cells so that 
regions of excessively low pH do not exist. 

Figure 7,78(b) shows the oxygen content of the gas as a function of feed brine pH. 
Comparing this with Fig. 7.78(a) suggests: 

1. operation of the cells can be safe down to a feed brine pH less than one 

2. there is more scatter of the data in Fig. 7.78(b), probably reflecting the fact that 
the anolyte pH is the more fundamental variable 

3. the curve of Fig. 7.78(b) is more gradual, and direct control of the feed brine 
pH, at least with occasional feedback from the anolyte pH, should be a workable 
process 

There is a caveat attached to point #1. In a real cell room, there will be some variation in 
individual cell performance. Those cells with the best current efficiencies will have the 
least backflow of OH~ into the anolyte and the least capacity for neutralization of the HGl 
added with the brine. If there is only one point of addition of acid, aggressive treatment 
to counter the effects of OH~ in the low-efficiency cells can produce dangerously low 
pH values in the best cells. Acid addition must be restricted to avoid this problem. When 
the highest gas quality is desired, it is better to provide a number of acid addition points 
and increased surveillance in order to approach the ideal of individual cell control. The 
latest generation of membrane-cell designs (Chapter 5) takes this aspect into account. 
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FIGURE 7.78. Oxygen production as a function of (a) anolyte or (b) brine pH. 


The control philosophy should include acid flow measurement with alarms. The 
pH meter, in addition to high and low alarms, should have a low-pH interlock that stops 
the addition of acid. Some voltage monitoring systems also respond to sudden changes 
in cell voltages by stopping the acid flow. Finally, acid flow also should be stopped early 
in the cell shutdown process (Section 13.8.3.1) and whenever the rectifiers trip. 

An occasional and usually sporadic problem with acidified brine is the formation 
of insoluble material at pH values of less than 4.5. This appears as fine particles, known 
as “brine rocks,” that often plug the brine rotameters. The problem can be avoided by 
using alkaline brine or by chlorinating the treated brine before acidification. The latter 
technique depends on the fact that the precursors of the brine rocks appear to be oxidized 
by hypochlorite in alkaline solution. 

There are three particular aspects of design to consider when acid is used. These are 
the mixing of the acid with the brinfe, the possibility of precipitation of salt, and the release 
of carbon dioxide. Acid can be mixed with brine in an ordinary static mixer, usually made 
of FRP, with flow ratio measurement or a downstream pH meter controlling the rate of acid 
flow. If the pH is low enough first to ensure the decomposition of carbonate ion and then 
to neutralize some of the hydroxide back-leakage in the diaphragm and membrane cells, 
this is not an exacting control problem. If the brine is taken only to an intermediate pH, 
the excess acid will represent only a small part of the total demand, and pH control may 
be unstable. Figure 7.79 illustrates this by showing the calculated pH of treated brine as 
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% of Total Acid Added 


PTGURE 7.79. Development of pH during brine acidification. 


a function of the normalized amount of acid added to the solution. The curve assumes 
starting concentrations of 0.6 gpl Na 2 C 03 and 0.3 gpl NaOH, with no other buffering. 
The pH is the true value; it is not corrected for salt effects to show the measured value. 
The purpose of the plot is to show that the conversion of bicarbonate is essentially 
complete at about pH 5 and that the amount of acid required to produce a low pH starts 
to grow rapidly only below pH 3.5. Control of the acidification process at a point between 
about 3.5 and 5 may be difficult. At lower levels, pH changes more slowly and control 
characteristics improve. We should note incidentally that reversion of sulfate to bisulfate, 
not considered in the calculation, begins below pH 3. This consumes acid and adds to 
the improvement. 

The data presented in this section should be considered indicative only and not used 
in design. The brine used in their generation was prepared from vacuum-purified salt. 
Brine prepared from other grades of salt may have different characteristics. 

The use of concentrated acid can present another problem. Addition of 30% HCl to 
nearly saturated brine can result in supersaturation. Potter and Clynne [136] studied the 
solubility of HCl in NaCl solution. Figure 7.80 shows some of their data at temperatures 
from 20°C to 100°C, as plotted by Rodermund [137]. Any tie line between two points on 
a curve will lie entirely within the insoluble region, and so mixing of any two solutions 
mutually saturated in NaCl and HCl results in some precipitation. If the brine being 
acidified is fully saturated and the acid is at full strength, one can expect solids to collect 
at the acid addition point. Some technologists recommend the use of more dilute acid 
for this reason. The simplest method then is to add a stream of pure water along with the 
acid. The heat of dilution will increase the temperature of the acid about 10°C but will 
have little effect on the mixed brine temperature. Most membrane-cell suppliers specify 
feed brine concentrations below saturation, and in that case the problem is relieved. 

Once the acid and brine have been mixed, evolution of CO 2 begins. To allow this to 
escape, the brine should go to a vented tank. This must have disengaging space for the 
vapor and enough residence time for the liquid to ensure degassing. Frequently, tanks are 
compartmented to reduce the amount of bypassing. If the carbonate content of the brine 
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NaCI Concentration (wt.%) 


FIGURE 7.80. Mutual solubilities of HCl and NaCl in water. 


is low, much of the CO 2 generated can remain dissolved with subatmospheric partial 
pressures. An air or nitrogen purge will reduce the partial pressure of CO 2 and assist 
the separation. Some plants vent the acidizing system through a small scrubber, where a 
countercurrent flow of brine prevents the escape of small quantities of HCl. 

Example. Using the excess reagent concentrations assumed in earlier examples, a flow 
of 400 m^ hr”^ of brine will contain 240 kg hr” ^ of NaaCOa and 120 kg hr” ^ of NaOH. 
The reactions of these chemicals with HCl are: 

Na 2 C 03 + 2HC1 2NaCl + H 2 O + CO 2 

240 165.1 264.7 40.8 99.6 

NaOH+ HCl -^NaCl+H 20 
120 109.4 175.3 54.0 

The HCl required for neutralization is 274.5 kg hr”h as 31.5% acid, this is accompanied 
by 596.9 kg hr” ^ of water. The reactions produce 440 kg hr” ^ of NaCl. 

We must add more acid if we wish to have some available in the cells. We choose 
a concentration of 20 mN (a nominal pH of about 1.7). In 400 m^, we require 8 kg mol. 
This is another 291.7 kg of HCl, with its accompanying 634.4 kg of water. The total 
requirement is then 566.2 kg hr” ^ of HCl. This is about 1,800 kg hr” ^ or 1.55 m^ hr 
of solution. Note that the amount of excess HCl added to the brine is comparable to the 
stoichiometric requirement. 

This is fairly aggressive treatment. The minimum case, if acidification is to be used 
at all, might be regarded as just enough acid to destroy the carbonate and produce a 
moderately low pH. Consider a pH of about 3.5, corresponding to a free HCl concen¬ 
tration of about 0.32 mN. The excess acid requirement drops from 291.7 kg hr”^ of HCl 
to 4.67 kg hr” ^ which is only 1.7% greater than the stoichiometric amount. One would 
then be faced with more of a control problem. This is the effect alluded to in analyzing 
Fig. 7.79. 
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This is a good opportunity to point out that throughout the brine treatment process, 
various small streams are being added and subtracted, and some of them produce reac¬ 
tions that change the amount of NaCl in solution. Careful design must consider all these 
effects. For the most part, we ignore them here in order not to obscure the larger points 
being made in these examples. 

In our example, we express acid concentrations on a molar basis partly in order 
to avoid the complications of discussing pH and its measurement in concentrated salt 
solutions. Bates [138] describes the fundamental problems in measuring and even defin¬ 
ing pH in such systems. First, a pH cell responds to activity, not to concentration. High 
acid concentrations also reduce the thickness of the swollen hydrous silica layer in the 
surface of a glass membrane. Bates also points out the lack of a unique definition of 
the activity of a single ionic species and the fact that establishment of a working pH 
scale depends on a number of assumed conventions. Still, it is the pH of the anolyte 
that is important, and not its total acidity [139]. The presence of sulfate in the brine, for 
example, provides some buffering action through the formation of the bisulfate ion: 

sof- + H+ ^ HSO~ 

More acid must be added to the anolyte in order to reach a given pH when sulfate is 
present. Other components of the solution also influence the pH. Keating [139] shows 
the effect of salt concentration when HCl is added to NaCl brine. 

The pH defined for control purposes is usually at a reference temperature (say, 
25°C) well below the cell operating temperature. On-line pH measurement requires 
temperature compensation. It is normally a good practice to cool the anolyte before 
measuring its pH in order to reduce maintenance requirements, improve the reliability, 
and extend the life of the instrument. 


7.5.62, Supply of Hydrochloric Acid. Besides acidification of the cell feed brine, 
hydrochloric acid has two other chief uses in the process: 

1. acidification of depleted brine for recycle to mercury or membrane cells 
(Section 7.5.9.2); 

2. regeneration of the ion-exchange resin (Section 7.5.5.2). 

Except for the acidification of depleted brine, the acid must be of high purity. A typical 
membrane-cell feed specification might call for less than 0.5 mgpl each of hardness, 
heavy metals, and free chlorine in the concentrated acid. The free chlorine specification 
is necessary to protect the ion-exchange resin from oxidation during regeneration. The 
water used to absorb HCl and to dilute acid to its use concentration must therefore be of 
high quality. Strictly speaking, there is not a need for a particular hardness specification 
on the acid added to the cell feed brine. The specification of about 20 ppb in the feed 
brine is essential; the origins of the hardness are not important so long as the overall 
specification is observed. A hardness specification on the acid is an operating control or 
a restriction on an outside supplier. It becomes more important as the practice of deep 
acidification grows. 
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Hydrochloric acid may be purchased or produced internally. It is a widely available 
commodity, easily obtained in good quality. HCl is available in the anhydrous form 
as well as in the form of aqueous acid (up to 23° Be' or about 37% HCl). The use of 
aqueous acid is standard in the chlor-alkali industry, and we do not discuss anhydrous 
HCl here. Byproduct acids are available, sometimes at lower prices, and may be suitable 
for use in the chlor-alkali process. Their quality should be checked carefully, and testing 
may be advisable before use. When HCl is produced from chlorine liquefaction tail 
gas, the absorbing water is the most likely source of impurities. Demineralized water 
is the standard source when producing acid for use in a membrane-cell chlorine plant. 
A certain amount of chlorine tends to be present in burner acid. This can be minimized 
by process control, and a small bed packed with activated carbon (Section 7.5.9.3B) is 
a useful safeguard. Usually only the acid intended for use in the ion-exchange system 
need be treated in this way. 

As noted, the acid used in dechlorination of depleted brine does not have to be of the 
highest purity. The dechlorinated brine will circulate back through the treatment system, 
and any impurity that is removed there can be tolerated at a reasonable concentration in 
the acid. This may allow the use of byproduct acid or of some of the acidic effluent from 
ion exchanger regeneration. 

Hydrochloric acid is an extremely hazardous material (Section 16.2.4). It is rapidly 
corrosive to bodily tissue and to most types of clothing. Few metals are resistant, and 
metallic corrosion often results in the evolution of hydrogen. Rubber-lined and FRP 
tanks are the most frequent choices for storage. Some rubbers are protected by a layer of 
rubber hydrochloride and should not be washed or used in other service as well as with 
HCl. Other plastics are also suitable in equipment fabrication and pipe lining. These 
include PTFE, PVDF, PVDC, and polypropylene. Impregnated carbon and graphite are 
useful at higher temperature. These do not often appear in acid distribution service in a 
chlor-alkali plant, except in small parts, but they are standard materials in HCl synthesis 
units (Section 9.1.9.2). Pumps and heat exchangers are the only common equipment 
items frequently found in metal. Durichlor 51, Hastelloy C, and titanium are resistant to 
the acid under oxidizing conditions. When no oxidants are present in the acid, zirconium 
and Hastelloy B are preferred. Tantalum has outstanding resistance and is a common 
choice for small parts and thin sections, as in instruments. 

Storage tanks usually are vertical, with flat bottoms and conical or dished heads. 
Horizontal tanks sometimes are used when storage is under pressure or when elevation 
is desirable in order to allow gravity transfer. Volumes should suit the rate of usage of the 
acid and the logistics of its supply. As with other hazardous materials, the amount stored 
should be kept to a reasonable minimum. Fire retardancy and UV-light resistance are 
desirable in plastic tanks. Choice of the design temperature of field-lined tanks should 
consider the curing process, which often uses steam at atmospheric pressure. 

The Chlorine Institute [140] suggests techniques for construction and testing of 
HCl storage tanks. Spill control might involve sumps, reservoirs, dikes, or even double- 
walled tanks. An exterior confinement system should include vapor control or sufficient 
volume for dilution and neutralization. Some storage tanks have conservation vents. 
The settings should minimize venting due to normal pressure fluctuations but must be 
consistent with the design pressure and vacuum ratings of the tank. Because of the danger 
of exposure to HCl vapor, external surfaces and auxiliaries such as ladders and gratings 
should also be corrosion-resistant. Rubber-lined steel tanks should be inspected every 
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2 years, inside and out. The outsides of FRP tanks should be inspected every year and 
the insides every 5 years. Crosslinked high-density polyethylene is a good choice for 
small tanks. 

When HCl is purchased from outside, there will be an unloading facility. These 
are subject to hazardous materials regulations. In the United States, they appear in the 
Code of Federal Regulations, Title 49, Parts 100-199. The size and type of transport 
vehicle vary, as do the need for auxiliary equipment and the appropriate procedures. 
These must be addressed in the supplier’s material safety data sheet. The user, however, 
is responsible for the storage facility and should pay particular attention to venting. 
Displacement of 100 m^ of air saturated above 32% HCl at 25-30'^C will release 8 kg 
of HCl vapor. When acid is unloaded under air pressure, designers and operators should 
be aware of the hazard of a pressure surge when the supply vehicle runs empty and air 
flows into the storage tank unimpeded (Section 16.3). 

Submerged filling of a tank is preferred, in order to avoid splashing and mist form¬ 
ation. As in all such arrangements, the fill pipe should have a breather hole near its top to 
serve as a vacuum breaker. Flat tank bottoms usually have a minimal slope to assist drain¬ 
age. Some indication of liquid level in the tank should be available to the truck operator 
or other responsible person. The usual measuring element is a differential-pressure cell 
attached to the bottom of the tank through a diaphragm of tantalum or a fluoropolymer. 

Most pumps in HCl service are nonmetallic. Wetted parts may be PVC, CPVC, PP, 
PTFE, PVDF, FRP, ceramic, or carbon. Self-priming centrifugal pumps are a standard, 
but diaphragm-type metering pumps also are widely used. 

A bypass line on a pump discharge will ensure sufficient flow when transfer stops 
because a valve is closed at the receiving end of the line. This prevents shock to the 
pump. It is a desirable addition to many centrifugal pump systems, and it is essential 
with positive-displacement pumps. The pump suction nozzle on a tank should be located 
50-100 mm above the floor of the tank. 

The major hazard in pumping HCl is leakage. This is most likely around the pump 
seals, and so sealing is important, with double mechanical seals or the use of sealless 
pumps with magnetic drives preferred. Personnel-protection shields are appropriate, and 
the location of a pump should allow easy access for maintenance while minimizing the 
chance of exposure of workers to leaks. Pumps should also be protected from operating 
against a closed valve or running while dry. Tank cars or trucks with top unloading require 
self-priming or positive-displacement pumps. These may require vacuum protection for 
the tanker. 

Lined steel piping is stronger and more rigid than solid plastic piping. It is therefore 
less susceptible to mechanical damage. The most frequently used linings are polypro¬ 
pylene, PTFE, and PVDF. Problems associated with lined pipe are the need for precise 
measurement of spool lengths and the permeability of the linings. Each spool or fitting 
must have a full-length vent channel with a weephole at a flange. 

FRP piping, usually of vinyl ester resin, is also widely used. Unlike lined steel 
pipe, it does not require painting, but outdoor installations should have a layer resistant 
to UV light. Other plastics used in solid piping are PVC, CPVC, PVDF, and PFA, always 
in Schedule 80. These materials are light and easy to install, and they have excellent 
resistance to exterior corrosion. They are structurally the least rigid candidates and so 
are most subject to mechanical damage. Piping runs require extensive support. Solid 
thermoplastic piping is therefore used most in small sections and in applications not 
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requiring structural strength (e.g., tank vents). The weakness of thermoplastic piping 
can in some cases be overcome by wrapping it with FRR 

Piping in transfer lines should be free of loops and pockets. Unloading connections 
may be flexible hose (typically 50-mm) lined with acid-resistant rubber, crosslinked 
polyethylene, or a fluorocarbon polymer. These hoses should not have quick disconnects. 
They should be inspected after every use. A sight glass on the transfer line will let the 
operator know when transfer is complete. 

Most types of valves are satisfactory in HCl service. Quarter-turn valves are most 
common. Materials of construction include PTFE, CPVC, PVDF, FRP, PP, PVC, glass, 
and porcelain. Plug valves appear widely in HCl service, but in general they offer few 
technical advantages over ball valves. Butterfly valves offer low pressure drops and 
easy throttling, which are important in some applications. Typical construction uses 
ductile iron bodies with PTFE or PFA lining and discs coated with the same materials. 
Polypropylene is the usual choice when spacers are required to allow a disc to turn 
without obstruction. Heavy-duty PTFE plug valves are widely used as primary storage 
tank valves and on tank trailers. 


7.5.7. Control of Sulfates 

The major anionic impurity in most brine systems is sulfate. Control of its concentration 
is an issue mostly in membrane cells. In the diaphragm-cell process, sulfate passes 
with the rest of the anolyte into the cathode side of the cells. It can be separated from 
caustic soda in the evaporators and purged from the system as Glauber’s salt. This is 
covered in Section 9.4.2.1. Mercury cells are least sensitive to sulfate. Its concentration 
is frequently allowed to build to the point where dissolution of calcium sulfate from the 
salt is inhibited. The greatest problem then caused by the sulfate is a reduction in the 
solubility of NaCl or KCl. 

With membrane cells, there is a specification of about 7 gpl Na 2 S 04 in the depleted 
brine. Many different techniques are used to hold the sulfate concentration below this 
level. Discussion of these can be organized by dividing them into three categories [58]: 

1. use of salt with low sulfate content; 

2. rejection of sulfate during the salt-dissolving process; 

3. removal of sulfate from the brine system. 

The list is in order of decreasing elegance. The second item has already been covered 
under the heading of selective dissolving in Section 7.2.2.5. 


7. 5,7. L Use ofLow-Sulfate Salts. There is great variation in the concentrations of impur¬ 
ities, including sulfate, in natural salts. This should be an important part of the value 
analysis when choosing a raw material. Several grades of salt are purified by processing 
(Section 7.1.5), and some of these have attractively low sulfate contents. We discuss 
several forms of processed salt below. 


7.5.7.iA. Vacuum Purified Salt. Brine is produced from crude salt by standard tech¬ 
niques and then treated chemically to remove hardness and sulfate. When this is 
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TABLE 7.22. Typical 
Analysis—Vacuum-Purified NaCl 


Component 

Concentration 

Dry basis 

NaCl 

99.95% (w/w) 

Sulfate 

400 ppm 

Calcium 

12 ppm 

Magnesium 

1 ppm 

Iron 

1 ppm 

Copper 

0.04 ppm 

Insolubles 

50 ppm 

Wet basis 

Water 

2.50% 


Source: Akzo Zout Chemie booklet Electro¬ 
lysis Salt (Sodium Chloride). 


evaporated under vacuum, more purification occurs by fractional crystallization. The 
impurities tend to stay in solution. The slurry of purified salt is centrifuged, and the 
cake is washed. After drying, the salt is ready for commercial distribution. Table 7.22 
shows typical analyses. Purified vacuum salt is available only at a sizeable premium, 
but brine prepared from it requires only ion-exchange treatment before use in membrane 
cells. Many chlor-alkali producers find the higher price acceptable when considering the 
benefits. This is especially likely with smaller plants and in the case of a producer who 
is not a specialist and regards the chlor-alkali plant essentially as a utility. There is also 
the possibility of taking advantage of scale by producing salt in quantities suitable for a 
number of chlorine plants [141,142]. 

Section 7.1.5.2 also mentioned some of the effects of salt purity on design of the 
brine plant. Becnel [143], in his discussion on improvements in the manufacture of 
purified salt, raises the possibility of production of salt directly suitable for membrane¬ 
cell operation. This could profoundly simplify the whole brine treatment plant. 


7.5.7.IB. Recrystallized Salt. Section 7.1.5.3 on salt refining also mentioned the salt 
recrystallization process. The product is an alternative to vacuum-purified or vacuum-pan 
salt. To the chlor-alkali producer, the differences among all these evaporated/crystallized 
products come down to a value analysis of material cost vs in-plant processing cost. 


7,5.7.1C. Diaphragm-Cell Evaporator Salt. The salt produced in a diaphragm-cell evap¬ 
orator is also quite pure and in the industry is often referred to as chemically pure, or 
CP, salt. It is a valuable resource in plants that operate either mercury or membrane 
cells along with the diaphragm cells. Its use in the resaturation of mercury-cell depleted 
brine is described in Section 9.4.1. Evaporator salt is always low in hardness, but it 
must be treated further in order to be free of sulfate, and it may have an undesirably 
high concentration of silica. At certain stages during evaporation of cell liquor, a triple 
salt, NaCLNa 0 H-Na 2 S 04 , deposits. Unless this is segregated or decomposed into its 
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components, separation of the sulfate can not be complete. Many plants have systems 
for decomposition of the triple salt and removal of sulfate as Glauber’s salt. 

Evaporator salt, if not otherwise contaminated during its processing, could be used 
as a low-sulfate feed to membrane cells. However, there is a more effective method of 
integration in which the diaphragm cells serve as a purge for the membrane-cell brine 
system. Section 9.4.1 also covers this topic. 


7.5.7.2. Removal of Sulfate from Brine. It is the recycle of brine around a continuous 
system that causes the sulfate problem. With no escape from the brine loop, any amount 
of sulfate in the incoming salt or brine will eventually build up to the point where the 
concentration specification is violated. What sulfate enters a membrane-cell brine system 
must therefore be removed. This means that a purge from the brine system is necessary, 
and the techniques used range from a simple purge of the brine itself to more elaborate 
schemes of precipitation or crystallization. Between these extremes are new techniques 
developed specifically as a response to the membrane-cell sulfate problem. 


7.5.7.2A. Purge of Solution 

Waste Brine. The appeal of a simple brine purge lies in its minimal capital cost and 
energy consumption. It serves at the same time to remove chlorate formed in the cells 
and trace components contributed by the salt or picked up from equipment or piping. 
Its disadvantages are the cost of the lost salt and any environmental problems caused by 
disposal of the purge stream. However, “purging” does not necessarily mean wasting the 
salt or releasing it to the environment. If there are alternative uses for brine that are less 
sensitive to the presence of sulfate, some of the brine can be diverted there and replaced 
with fresh brine. The extent of internal recycle is thereby decreased. 

First, we shall study the simple purge of brine to determine the extent of raw 
material loss. Let the volume of the purge stream per unit of salt consumption be Fp 
and its concentration of sulfate be 5p. Then the amount of sulfate purged is Vp5p. Now 
let the amount of sulfate accompanying a unit of NaCl or KCl in the salt be S. If we 
ignore the amount of sulfate passing through the membrane, a truly negligible quantity, 
and the amount that goes out with the brine sludge, a less justifiable but conservative 
assumption, we have 


5 = Vp5p (69) 

“Sulfate” can be taken to mean either equivalent M 2 SO 4 or the sulfate ion. The volume 
of purge required is 


Fp = 5/Sp (70) 

The concentration of NaCl or KCl in the purge is Cp. The salt lost by purging therefore 
is FpCp. This leads to 


Loss = 5Cp/5p 


(71) 
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TABLE 7.23. Salt Loss in Waste Brine Purge 


Type of salt 

Sulfate content, % 

% of salt lost 

KCl—Industrial Grade 

0.16 

6.5 

KCl—Soluble Grade 

0.012 

0.5 

Vacuum-purified NaCl 

0.02 

0.8 

Washed solar salt 

0.15 

6.0 

Rock salt 1 

0.6 

12‘^ 

Rock salt 2 

1.0 

2QP 


Note: 

Assuming 50% rejection of CaS 04 in dissolver. 


To minimize this loss, we should where possible choose a salt with low S. This has 
already been discussed. Next, we look for a low value of Cp/5p. This leads us to the 
depleted brine, where chloride has been consumed, but not sulfate. 

Table 7.23 shows the results of applying Eq. (71) to a series of salts. The calcula¬ 
tions assume that the sulfate content of the depleted brine is close to the specification 
limit and that the depleted brine is purged after proper dechlorination. In practice, much 
of the sulfate in a rock salt may remain undissolved, and the purging requirement is 
correspondingly lower. The data on rock salts in the last column are based on dissolv¬ 
ing only 50% of the contained sulfate. The main point of the table is that the sheer 
volume of the stream makes purging to waste unattractive with rock salts or, at least 
in large plants, with solar salts. Purging becomes more practicable as the purity of the 
salt increases. The low purge volumes associated with most KCl and vacuum-purified 
NaCl make extensive processing of the waste to meet zero-discharge requirements more 
reasonable. 

Next, we consider the possibility of purging a major part of the brine to another 
salt user. The outlets most likely to be available to a membrane-cell operator are other 
electrochemical processes. 

Many chlor-alkali producers also operate chlorate plants. These are convenient 
receptacles for purged brine. While from the chlor-alkali plant’s standpoint this is an 
elegant way to dispose of the sulfate problem, there are several facts working against it: 

1. Size of the chlorate plant. It may not be possible to purge enough brine to remove 
the problem. 

2. Lack of a dedicated saturator. If the purge cannot be resaturated in the chlorate 
plant, it may be necessary to transfer saturated brine with its higher ratio of 
Cp/5p. The volume to be purged is correspondingly greater. Using a separate 
saturator for the purge stream can alleviate the problem. 

3. Lack of a market for chlorate solution. Solutions usually can be sold with a 
certain quantity of dissolved sulfate. If a plant produces mostly solid product, 
there may still be problems with a sulfate specification. 

The amount of sulfate that can be tolerated in a chlorate plant is inversely related 
to the percentage of the product sold as crystal. It is also possible to remove sulfate 
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selectively in the chlorate plant by coprecipitation of Na 2 S 04 and NaClOa at subzero 
temperatures [144]. 

When membrane cells operate in tandem with mercury or diaphragm cells, there is 
an opportunity to purge sulfate by sending at least part of the depleted brine that otherwise 
would be recycled to the other cells. This approach is less effective with mercury cells. 
The water balance is extremely tight in a mercury-cell plant, and any import of water must 
be balanced by an export. Since export would spread the potential for mercury pollution, 
we reject it as an operable solution. Only mercury-cell plants with some capacity for 
addition of water to the brine loop, as for example a plant with a brine evaporator, could 
be integrated in this way. 

Diaphragm cells are another matter. The water load can be tolerated in the process, 
and the sulfate leaves with the catholyte, where there are several possibilities for its 
recovery or disposal. Other possibilities for integration with diaphragm cells, involving 
the use of evaporator salt, were mentioned above in Section 7.5.7.1C. 

Concentrated Purge, New methods of sulfate control have been developed in response to 
the membrane-cell brine problem. These include a novel application of the familiar ion- 
exchange technique and a process based on the relatively new technique of nanofiltration. 
The processes use physical or chemical means to make a partial separation between 
chloride and sulfate; the problem of disposal of the sulfate remains. By concentrating 
the sulfate and removing most of the chloride, they may allow safe, legal, and economic 
disposal of the sulfate by a simple purge. In other cases, their value lies in providing 
a much smaller stream to be treated for the ultimate disposal of the sulfate (e.g., by 
precipitation). 

Ion exchange. A brine purge is made selective by an ion-exchange process that 
selectively attracts sulfate-based ions from the solution. Reversal of the process regen¬ 
erates the sulfate ions in much higher concentration relative to chloride, A commercial 
process developed by Kaneka Corporation and licensed through Chlorine Engineers is 
referred to as NDS, or the New Desulfation System. It is not the classical ion exchange 
with pendant groups attached to a polymeric resin. It is rather a manipulation of the 
favored form of an inorganic compound by changes in pH [88,145]. The ion-exchange 
agent is a zirconium compound. Hydrous zirconium (IV) oxide in contact with brine at 
pH < 3 converts to a sulfate form: 

Zr(OH )4 + 2H+ + SO 4 " ^ Zr( 0 H) 2 S 04 + 2 H 2 O 

Because of the pH requirement, this step is most conveniently applied to the depleted 
brine. Later, the zirconium reverts to its original form when exposed to high pH, releasing 
the sulfate ion: 


Zr( 0 H) 2 S 04 + 20H- ^ Zr(OH)4 + SO^" 

The process as first developed used a pair of slurry reactors for the two steps. In one of 
these, brine mixed with acid was agitated with suspended zirconium oxide. With two of 
the four hydroxides replaced by a sulfate, the slurry was transferred to a vacuum filter. 
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The filtrate, after polishing in a filter press, passed on to the brine process. The filter cake 
dropped into a second agitated slurry reactor, the desorber. Addition of caustic there 
raised the pH and reversed the reaction of the zirconium. This slurry was transferred to a 
second vacuum filter. The filtrate in this case, after polishing, became the purge stream. 
The cake from the second vacuum filter dropped into the first reactor to begin another 
cycle. 

The bypassing always associated with backmixed reactors limited the efficiency of 
this process. In one published example, the treatment of brine containing 200 gpl NaCl 
and 7.5 gpl Na 2 S 04 produced a waste of 50 gpl NaCl and 15 gpl Na 2 S 04 . With 85% of 
the sulfate removed from the treated stream, the ratio of chloride to sulfate in the purge 
was lower than the ratio in the feed stream by a factor of about eight. The purge stream 
was still quite large, since the total dissolved solids concentration was only about 25% 
of that in the depleted brine. The liquid effluent from the desulfation process could be 
nearly eliminated by precipitation of the sulfate and recycle of the liquor to the brine 
treatment. 

A later version of the process (RNDS) is based on the use of a resin containing 
zirconium hydroxide in fluidized bed reactors. It removes the need for filters and filter 
cake handling. The sulfate-containing brine, after acidification with HCl, passes through 
the adsorption bed. The adsorption reactions are 

ZrO(OH )2 + Na 2 S 04 + 2HC1 ^ Zr 0 ( 0 H)(HS 04 ) -h 2NaCl + H 2 O 
ZrO(OH)Cl + Na 2 S 04 + HCl Zr 0 ( 0 H)(HS 04 ) + 2NaCl 

Operation at high pH regenerates the bed: 

Zr 0 ( 0 H)(HS 04 ) + 2NaOH ^ ZrO(OH )2 + Na 2 S 04 + H 2 O 
Zr 0 ( 0 H)(HS 04 ) + NaOH -h NaCl ^ ZrO(OH)Cl + Na 2 S 04 + H 2 O 

As do other swing processes, this one requires two beds (or sets of beds), which cycle 
between service and regeneration. It offers an estimated cost reduction of 13% compared 
to the original NDS process [146]. It can also be adapted to the removal of silica and 
iodine from brine (Section 7.5.8.9). 

Nanofiltration, The nanofiltration process is, along with backpulse filtration 
(Section 7.5.4.3), another example of the new possibilities in processing that are due 
to recent developments in the field of membrane technology. At conditions intermedi¬ 
ate between those used in ultrafiltration and RO, this technology can selectively reject 
multivalent ions such as SO^” while passing monovalent ions [147-149]. The process 
therefore can remove sulfate and other multivalent anions selectively from alkali chloride 
brines. Since the equivalent amount of alkali metal ions is held back by electrostatic 
forces, the net effect is the removal of M 2 SO 4 . 

Table 7,24 shows where nanofiltration fits in the spectrum of specialized membrane 
filtration processes. The process has application regardless of the type of chlor-alkali cell 
in use, and it also can remove sulfate from chlorate plant liquors. The membranes used 
in the filters are sensitive to free chlorine. In a membrane-cell plant, therefore, the filter 
usually will treat a sidestream of fully dechlorinated brine. After standard filtration and. 
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where necessary, cooling, the brine is stored in a feed tank. From there, it is pumped 
at high pressure through the unit. The permeate stream, low in sulfate, returns to the 
main brine system. The reject can leave the brine system or pass on to another filtration 
stage for further recovery. In one cited example, a skid measuring 7 m x 2.5 m x 2.5 m 
(high) processed 3.4 m^ hr “ ^ of brine. Utility consumption per cubic meter of brine was 
3 kWhr and 4 m^ of cooling water. The sulfate rejection claimed was 80-95% in 6-8% 
of the original volume of brine. With 7-8 g L“^ of brine fed to the unit, the total 
rejection of sulfate ion was about 500 kg per day. 

The filtration membranes are sensitive to fouling as well as to free chlorine. This 
situation is least troublesome in a membrane-cell plant, where the problem components 
already have been removed from the brine. In mercury-cell plant applications, an install¬ 
ation in the brine recycle loop should include some means of dechlorination. The usual 
choice is treatment with activated carbon, which is covered in Section 7.5.9.3B. The 
membranes are in spiral-wound modules placed in cylindrical housings and assembled 
as on the skid shown in Fig. 7.81. Figure 7.82 shows the construction of a modular 
element. The low-sulfate permeate flows through the membranes into spacer channels 


TABLE 7.24. Membrane Filtration Characteristics 


Technique 

Cut size (nm) 

Rejected species 

Pressure (bars) 

Microfiltration 

200-400 

Particulates 

0.5-3 

Ultrafiltration A 

5-400 

Bacteria, protein, 

1.5-10 

Ultrafiltration B 

3-10 

dyes, detergents 


Nanofiltration 

0.5-1 

Metal ions, sulfate 

6-20 

Reverse osmosis 

<0.5 

Acids, monovalent ions 

10-60 



FIGURE 7.81. Nanofiltration unit for removal of sulfate. (With permission of Chemetics.) 
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FIGURE 7.82. Construction of nanofiltration module. (With permission of Chemetics.) 


TABLE 7.25. Sulfate Removal by Nanofiltration 


Type of cell 

Feed concentration 

Permeate concentration 

Reject concentration 

NaCl 

Na2S04 

NaCl 

Na2S04 

NaCl 

Na2S04 

Membrane 

200 

7 

200 

1.5 

200 

85 

Mercury 

250 

25 

255 

2 

230 

100 

Diaphragm 

250 

25 

255 

2 

230 

100 


Note: All concentrations in gpl. 
Source: Data ofKotzo etal. [148]. 


fabricated from a supporting mesh and follows the spiraling channels into a central col¬ 
lecting tube. The reject, high in sulfate, leaves the end of the module. Parallel installation 
of modules allows increased capacity, and series installation increases the recovery of 
brine. Since the selectivity is finite, higher recovery of NaCl always means greater leak¬ 
age of the sulfate ion. This is caused by the continuous increase in the sulfate content on 
the feed side of the membranes—the high-sulfate reject of one module is the feed to the 
next module in series. 

Several reports on the process indicate that typical mercury- or membrane-cell 
depleted brine or the CP salt wash water from a diaphragm-cell process can be con¬ 
centrated to 80-100gpl Na 2 S 04 [147,148]. The chloride concentration may remain the 
same as in the feed solution or actually decline to a lower level. Table 7.25 reproduces 
the data shown by Kotzo et al. [148] for the different cell technologies. The selectivity 
calculated from the ratios of the concentrations in the reject and the permeate is about 
55 in each case. The salt lost with purge of a given amount of sulfate is reduced by a 
factor of about 12 in the membrane cell case and by about 4.3 in the other cases. 

Chemetics is the developer and licensor of the nanofiltration process. By mid-2002, 
16 units had been sold or committed [150]. Their removal capacity ranges from 18 to 
360kghr~^ of Na 2 S 04 . Combined capacity is for the removal of about 1,400 kg hr~^ 
This represents perhaps 350,000 tons per year of NaCl recovered from purge streams. 
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7.5.7.2B. Removal of Sulfate as a Solid. The direct purge of brine from a system is 
nonselective, and the major problem associated with it is the large quantities of NaCl 
or KCl that accompany the sulfate. The techniques of ion exchange and nanofiltration 
shift the ratio of sulfate to chloride but still rely on a liquid purge and so lose a certain 
amount of chloride. The most selective method for disposal of sulfate appears to be its 
removal as a solid, with a minimum amount of occluded chloride. The qualification is 
important. Without removal of most of the occluded chloride from a sulfate-containing 
sludge, much of the selectivity is lost. A 10% sludge, without removal of liquor, will 
carry more chloride than the concentrated purge streams discussed above. Posttreatment 
of sludge by filtration to a high solids concentration is necessary, and washing of the 
cake is desirable. The combination produces a very high selectivity. 

This subsection discusses precipitation and crystallization, two unit operations that 
remove a component of a solution as a solid. The physical chemistry is much the same 
in the two operations, and so it would be well to draw a distinction between them. 
In precipitation, the concentration of the component in question is increased above 
its solubility limit. In crystallization, the bulk solubility of a component is decreased. 
Usually, precipitation involves the addition of one of an ion pair in order to remove 
the second. Addition of carbonate ion to brine, resulting in the removal of calcium, 
is an example. In crystallization, the conditions are changed or some of the solvent is 
removed, so that the amount of the component already present exceeds its solubility. 
Removal of salt from diaphragm-cell NaOH exemplifies both crystallization techniques. 
In the evaporators, removal of water increases the dissolved concentration of NaCl until it 
drops from solution. Cooling of the evaporated liquor before storage or shipping results 
in more crystallization. Flash vaporization combines the two effects in one step. As 
solvent is removed by vaporization, the remaining solution drops in temperature. The 
removal of sodium sulfate as Glauber’s salt, described in the crystallization subsection, 
is an example. 

Precipitation. Sulfate can be precipitated by either the barium or calcium ion, and both 
are used commercially. Turning first to barium, we note that the solubility of BaS 04 
is so low that its precipitation is the standard gravimetric technique for analysis for the 
sulfate ion. In a brine loop, the precipitation step could be located anywhere, but it is 
most convenient to combine it with the precipitation of metals in the brine treatment 
tanks (Section 7.5.2.2) and not to add another step to the process. 

While barium is a powerful agent for the removal of sulfate, it is rather toxic and its 
compounds must be handled carefully. Personnel protection in the form of confinement 
of tanks and hoppers, the use of dust control equipment, and the wearing of respir¬ 
ators is essential. Because barium chemicals are regulated substances in much of the 
world, disposal of brine sludge becomes more of an environmental issue and usually 
requires some form of permit. The barium chemicals also are relatively expensive and 
available from fewer suppliers. There are two commercially useful sources, BaCOs 
and BaCl 2 . The chloride is usually supplied as the dihydrate, BaCl2*H20, which is 
soluble in water and can be handled as any other solution. While barium compounds 
are not highly corrosive, a solution of BaCl 2 is acidic and requires appropriate design 
and precautions. BaCOs is sparingly soluble and normally is handled within the pro¬ 
cess as a slurry. Besides its easier handling, BaCl 2 reacts faster when added to brine. 
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Finally, commercial BaCl 2 has the advantage of higher purity. The major impurity in 
barium chemicals is strontium, which is itself an impurity requiring control, and it is 
important not to create a new problem while solving an existing one. BaCl 2 usually has the 
lower strontium content. BaCOs, on the other hand, usually has the important advantage 
of a lower cost, and it is also a source of carbonate ion. It can precipitate both calcium and 
sulfate. 

Membrane suppliers will place restrictions on barium concentration in the treated 
brine in order to prevent damage to their products. The anodes also can be a problem. 
Barium sulfate can deposit on the anode coating and eventually destroy it, and so the 
brine must also conform to the specification set by the anode supplier. 

Subsequent removal of excess barium from the brine is relatively difficult 
(Section 7.5.5.1). When using this route for sulfate removal, therefore, the barium con¬ 
centration in solution should be kept quite low. Fortunately, the specification for the 
sulfate ion is much more generous than those on calcium and magnesium (Section 4.8.7). 
By allowing sulfate to accumulate to something close to its maximum allowable con-, 
centration, the barium ion can be kept at levels near 0.1 mgpl. In this situation, the 
sulfate precipitation reaction may be quite slow. While this effect may be less important 
in coprecipitation along with magnesium and calcium, the small particles of BaS 04 
formed early in the process have enhanced solubility [35], and it is important to avoid 
this by allowing time for particle growth. This means that barium precipitation, if it is 
to be used, must be considered when designing the treatment tanks. If barium is simply 
added as an afterthought to provide some control over the sulfate content, the tanks may 
be too small and the results disappointing. 

Calcium compounds are less toxic, cheaper (especially on a molar cost basis), and 
much more plentiful than barium compounds. On the other hand, calcium sulfate is much 
more soluble than barium sulfate, and higher excess concentrations of the precipitating 
cation are necessary to achieve a given residual sulfate concentration. As a result, calcium 
precipitation actually may have a higher raw material cost than barium precipitation 
[60,88]. Another disadvantage of calcium is the fact that two brine clarifiers are required. 
Calcium sulfate must be precipitated first, using an excess of calcium ion, and then 
removed in a settler. Normal removal of calcium ion as CaCOa follows. The calcium 
added in the first step adds to the carbonate demand, once again adding to the expense. 
Conventional clarifiers (Section 7.5.3.2) are large pieces of equipment that can dominate 
the process-plant layout, and the addition of a second unit will add significantly to the 
demand for real estate. 

Calcium sulfate has several different crystal forms, some of which also contain 
sodium sulfate. The most familiar are anhydrite (CaS 04 ) and gypsum (CaS 04 - 21120 ). 
These are the forms conunonly found in salt. Mixed crystals include glauberite 
(CaS 04 -Na 2 S 04 ), penta salt (5CaS04*Na2S04-31120), and the unstable disodium salt 
CaS04-2Na2S04-2H20. 

Of the two unmixed crystals, anhydrite is usually the more stable in the presence of 
concentrated NaCl. However, gypsum usually forms first, and its reversion to anhydrite 
is slow. Of the mixed crystals, penta salt is the preferred form. In the crystallization 
of sulfate from NaCl brines, there are two possible solid phases to consider, gypsum 
and penta salt. Penta salt formation is favored at higher temperatures and at higher 
dissolved sulfate concentration [151]. The transition temperature between the two forms 



644 


CHAPTER? 


varies from about 55°C to 80®C, but there is a wide band of metastability in which 
mixed crystals are formed. A successful crystallization process should be outside this 
band. Penta salt has been removed from NaCl brines at temperatures above 70®C, and 
it is also possible to precipitate glauberite by adding seed crystals to a supersaturated 
solution [152], At low sulfate concentrations, gypsum can form at somewhat lower 
temperature, and this is the promising range for chlor-alkali application. Several plants 
do in fact remove sulfate by gypsum precipitation. 

The amount of excess calcium required to keep the sulfate concentration within 
specification depends on operating conditions. Not only is CaS 04 much more soluble 
than BaS 04 in water, but there is also a salting-in effect that makes it more soluble in NaCl 
solutions [153], Figure 7,83 shows solubility curves for anhydrite over the temperature 
range 25-100®C [154]. CaS 04 is more soluble in depleted brine than in saturated brine. 

Santos [60] studied the economics of solubility suppression and precipitation with 
calcium. The latter was based on the use of 100% excess. However, it is not percentage 
excess that matters but the concentration of free calcium ion left in solution after the 
precipitate forms. Figure 7.83 and the data of Madgin and Swales [155] indicate that the 
molarity of free Ca^“^ should be at least 0.03-0,04, With good salts, this concentration 
is more than 100% in excess, and the cost per unit of sulfate removed is correspondingly 
higher. Santos therefore proposes this method primarily for high-sulfate salts and limits 
his examples accordingly. 

The maxima on the curves in Fig. 7.83 are a key feature of the NaCl-CaS 04 -H 20 
system. While the maximum solubility of anhydrite in NaCl brine is 2.5-3 times that 
in pure water, the multiplying factor in saturated brine is only about 1.5. This corres¬ 
ponds to about 4 gpl sulfate when NaCl containing anhydrite is dissolved at 50®C. If we 
compare solubilities in cell feed brine and membrane-cell anolyte, we see that the volu¬ 
metric solubility of CaS 04 is much higher in the cell than in the feed brine. The higher 



FIGURE 7.83. Solubility of anhydrite in NaCl solutions. 
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FIGURE 7.84. Solubility of BaS04 in NaCl solutions. 


temperature and the lower NaCl concentration both contribute to the effect. In the case 
of BaS 04 , the enhancement is much less. Figure 7.84 shows its solubility in NaCl solu¬ 
tions at various temperatures [156]. Here, there is no maximum solubility, but rather a 
continuous increase as the brine becomes stronger in NaCl. Unlike the case of CaS 04 , 
the barium salt is less soluble in depleted than in saturated brine. With the unique anolyte 
balance of the membrane cell, this can result in deposition of BaS 04 on the anodes. 

Because the increased temperature more than offsets the effect of the reduced salt 
concentration. Fig. 7.84 indicates that the volumetric solubility is higher in the cell than 
in the feed brine. Membrane-cell operators, however, must consider another effect. 
The transport of water across the membranes reduces the volume of solution available. 
The net effect of all these factors is that feed brine saturated with BaS 04 can become 
supersaturated in the cells. Figure 7.85 should make the effect clear. Point A represents 
feed brine saturated in BaS 04 . Point B shows that the volumetric solubility of BaS 04 is 
greater in the anolyte. Line AB refers to the left-hand ordinate. The transport of water 
through the membranes will reduce the volume of solution by an amount represented 
by BC. The only real path is line AC, which shows the states of the process inside and 
outside the cells. The right-hand ordinate applies. The loss in total solubility allows 
BaS 04 to deposit in the cells. 

Keeping the barium concentration very low, as suggested above, reduces the amount 
of material that can deposit in the cells. If barium and sulfate ions are present at the same 
concentration, and if the product of their concentrations would exceed the solubility 
product of BaS 04 by 23.5% in the cells, 10% of the total would drop out of solution. 
If the barium ion concentration were reduced relative to sulfate, and if the solubility 
product were exceeded by the same 23.5%, the amount of precipitation would decrease. 
Table 7.26 illustrates this effect. The numbers apply only to the specific degree of excess 
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FIGURE 7.85. Precipitation of BaS04 in cells. 


TABLE 7.26. Effect of Reduced Barium Ion 
Concentration on Volume of Precipitate Formed 


[Ba2+]/[S02-] 

Precipitate volume 

% Reduction 

1 

1 

0 

0.1 

0.555 

44.5 

0.05 

0.408 

59.2 

0.02 

0.264 

73.6 

0.01 

0.188 

81.2 


chosen here. The purpose of the table is to show that the problem of residual BaS 04 is 
greatly mitigated at low Ba^^ concentration. 

Returning to precipitation with we assume that it produces crystals free 

of Na 2 S 04 . Above, we referred to the existence of several mixed crystals, but the 
conditions in a chlor-alkali brine process do not favor their formation [151]. Data on 
sulfate precipitation are not as plentiful as data on the more familiar hardness precipitation 
process, but reaction times seem to be approximately the same. Particle retention to allow 
growth is more important in the present case, and draft tube arrangements with feed close 
to a bottom agitator are common. The crystals recirculate outside the draft tube to the 
bottom of the vessel. The solubility in brine, considerably higher than it is in water, 
increases slowly with higher temperature. Fouling can occur at cold spots. 

Calcium sulfate also tends to form supersaturated solutions, and its precipitates thus 
have a strong tendency to form scale. Pribicevic [157] described a reactor into which 
the reagents were injected into a contact bed of gypsum crystals. This bed was held 
in the lower conical section of the reactor. The upper cylindrical section served as a 
final reactor and clarifier. Crystals of precipitated CaS 04 fell from the upper zone into a 
small-diameter standpipe that carried them into a bottom leg for discharge. Cool brine 
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could be injected into this leg to give some countercurrent washing of the precipitated 
crystals. 

Crystallization of Sodium Sulfate, There are two primary forms of crystalline sodium 
sulfate. Besides the anhydrous form, the decahydrate, or Glauber’s salt, also exists. 
Sodium sulfate can in theory be recovered directly from aqueous solution by the evapor¬ 
ation of water. Removal from solutions containing NaCl is more complex. Figure 7.86 
is a plot of International Critical Tables data on the NaCl-Na 2 S 04 -H 20 system. With 
the coordinates used, straight lines through the origin represent simple evaporation or 
dilution (origin not shown on plot). The upper curve marked “S” connects mutual solu¬ 
bilities of sodium sulfate and sodium chloride. It is the saddle curve separating an upper 
field in which anhydrous Na 2 S 04 would drop from solution from a lower field in which 
NaCl would deposit. The straight lines between the upper curve and the ;c-axis are linear 
approximations to the isotherms connecting the mutual solubility points (curve S) with 
the solubility of NaCl (;c-axis) at the same temperatures. The numbers along curve S are 
the temperatures of the various isotherms. 

Figure 7.86 shows the course of a hypothetical isothermal batch evaporation of a 
solution represented by point A. As water is removed, the composition of the solution 
moves upward and to the right along the line AB. When it reaches the solubility isotherm 
for the temperature of the evaporation process, the solution is saturated. With realistic 
brine compositions such as point A, it is NaCl that drops out of solution. If evaporation 
continues, the composition of the residual solution moves up and to the left along the line 
BC. The solution becomes richer in sulfate and leaner in chloride. If the saddle curve is 
reached, so is the point of maximum mutual solubility. At this point, Na 2 S 04 begins to 
drop out of solution along with NaCl. To avoid contamination of the NaCl, the process 
must stop short of the saddle curve. The shape of the saddle curve means that carrying 
out the evaporation at lower temperatures (farther to the left) produces higher ratios of 



FIGURE 7.86. Mutual solubilities of NaCl and Na2S04 in water. 
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Na2S04 to residual NaCl in the liquor. These facts make it possible on the one hand to 
produce pure crystallized salt from a sulfate-containing brine and on the other to remove 
sulfate selectively from the remaining liquor. 

At low temperatures, the NaCl field is bounded on the left by the curve marked 
“G.” This is the saddle curve for solid mixtures of NaCl and Glauber’s salt (Na2S04- 
IOH2O). Moving the evaporated liquor to the left side of curve G would allow some 
of the sulfate to drop out of solution as Glauber’s salt. Under the right circumstances, 
this is accomplished by flash cooling the solution approximately to point D. The total 
amount of water removed, between flashing of vapor and crystallization of the hydrate, 
requires the addition of a small amount to the process in order to maintain a mass bal¬ 
ance. A reasonable temperature for operation of a commercial Glauber’s salt crystallizer 
is 10°C. 

Example, Our starting solution is 25% NaCl and 0313% Na2S04. In the coordinates of 
Fig. 7.86, the abscissa is 33.5 and the ordinate is 0.5. If we carry out the evaporation at 
about 82°C, the composition at the point of saturation will be 38.2g NaCl/lOOg water 
and 0.57 g Na2S04/100g water. We continue evaporation until the solution contains 
6.5 g Na2S04/100g water. 

We start with 152.8 units of solution. Through the course of the evaporation step, 
we have 



Start 

At saturation 

End 

NaCl 

38.2 

38.2 

3.22 

Na2S04 

0.57 

0.57 

0.57 

Water 

114.03 

100 

8.78 


At the saturation point, there is not yet any solids formation, and so the quantity 
of dissolved solids is unchanged. The amount of water remaining corresponds to the 
saturation composition given above. Of the total, 12.3% or 14,03 units of water have 
evaporated. Evaporation continues, but since it stops short of the saddle curve, no sulfate 
drops from solution. The residual water therefore is 0.57/0.065 = 8.78. The remaining 
NaCl in solution is 36.7 g/100 g water, or 0,367 x 8.78 ^ 3.22. The rest of the salt, about 
91.6% of the total, crystallizes during evaporation. 

The solution described in the last column above goes to crystallization, where we 
choose a temperature of 10'^C. The crystallizer mother liquor (curve G) therefore contains 
33.5 g NaCl and 4.5 g Na2S04 per 100 g water. If no NaCl crystallizes here, we have 



Feed 

Product 

NaCl 

3.22 

3.22 

Na2S04 

0.57 

0.43 

Water 

8.78 

9.61 


About 24% of the sulfate is removed from the system. Note that the amount of water 
present has increased. To prevent simultaneous crystallization of NaCl, it is necessary 
to add water to the process. The quantity necessary is the sum of the increase shown in 
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Evaporator Temperature, 


FIGURE 7.87. Efficiency of sulfate crystallization process. 


the table, the amount evaporated in the crystallizer, and the amount crystallized as water 
of hydration. 

This example ignores the entrainment of liquor with the solids removed from the 
system and any wash water or solution added to improve the separation. These are 
important questions in process design, as is the proper water balance in the crystallizer 
if the best results are desired. If the purpose of the Glauber’s salt crystallizer is only to 
concentrate the sulfate purge stream, very high quality will not be as important. 

With a high temperature in the NaCl crystallizer, limited amounts of sulfate can be 
removed, and a fairly large stream of brine would have to be treated. The efficiency would 
be increased if more NaCl were removed in the first crystallizer, which is possible by 
operating at lower temperature and moving to the left on the plot. Figure 7.87 shows the 
maximum possible degree of removal of sulfate in the second crystallizer as a function 
of operating temperature in the first. 


7.5. 8. Control of Other Brine Impurities 

The discussion so far has been mostly in terms of the removal of calcium, magnesium, 
and sulfate, usually the major impurities in brine. Now it turns to other species. First, 
we should note that, along with calcium and magnesium, many other cationic species 
precipitate during primary brine treatment. Their concentrations may be reduced from 
the grams per liter range to the low ppm level. Those that are harmful to membrane 
cells include Sr^“^, Ba^"^, Mn^"^, Fe^"^, Fe^"^, Co^+, Ni^"^, and Hg^+. Most of these 
adversely affect diaphragm and mercury cells as well. Section 7.4.2.1 gives a further list 
of trace metals that are harmful to mercury cells. Table 7.27 lists the solubility products 
of a number of species that might precipitate in a brine plant. It is important to note 
that all these solubility products are handbook data for the species in water near room 
temperature. The solubility behavior in concentrated brine may be significantly different. 
The numbers still are useful as approximate indicators of the solubility of the various 
compounds in brine. 

The solubility products of the hydroxides cannot be used to calculate solubilities at 
high pH. Bivalent positive metal ions tend to shift according to the equilibrium: 


+ 30H- = HMOj + H 2 O 
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Solubility Products 


CHAPTER 7 


Substance 

Solubility product 

MgC 03 

2.6 X 10-^ 

CaC 03 

8.7 X 10“® 

SrC 03 

1.6 X 10"’ 

BaC 03 

8.1 X 10"’ 

CaS 04 

9.1 X 10"® 

BaS 04 

1.1 X 10"'0 

Mg(OH)2 

5.6 X 10"'2 

Ca(OH )2 

4.7 X 10"® 

Sr(OH )2 

1 X 10"’ 

Ba(OH )2 

5 X 10"3 

Fe(OH )2 

8.0 X 10"'® 

Fe(OH )3 

4.0 X 10" 

Mn(OH )2 

4.0 X 10"'’ 

Ni(OH)2 

5.5 X 10"'® 

Ba(I03)2 

1.5 X 10"’ 

Mg3(P04)2 

1.0 X 10-2’ 



FIGURE 7.88. Solubility of iron, cobalt, and nickel as a function of pH. 

With increasing alkalinity, becomes less soluble and HMOJ more soluble. Eventu¬ 
ally, the observed solubility of the element will begin to increase with pH as the ionized 
metal takes the second form. Figure 7.88 shows data for iron, cobalt, and nickel at 60®C 
[158,159]. The logarithms of the solubilities are linear in pH. Table 7.28 gives the terms 
in the equations for the lines shown on Fig. 7.88 along with the terms for the equations 
that apply at 25®C. The equations take the form: 

log(Solubility) = pH — A 
or log(Solubility) = B — n(pH) 

The pH generally should be kept below 9 or 10 to minimize the solubilities of 
these metals. 
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TABLE 7.28. Logarithm of Ion Concentration in Water vs pH 


Species (M) 

Temperature 

M^+ 

HMO 2 

Iron 

25 

13.27-2 pH 

pH-18.28 


60 

12.49 - 2 pH 

pH -14.22 

Cobalt 

25 

12.76-2 pH 

pH - 16.07 


60 

11.66-2pH 

pH - 17,98 

Nickel 

25 

12.41-2 pH 

pH-17.99 


60 

10.63 - 2 pH 

pH-17.98 


Note: All concentrations in M L ^. 


The numbered subsections that follow consider impurities not amenable to 
satisfactory control by the standard primary treatment process. We divide the impurities 
dealt with here into three groups: 

1 . non-ionic or amphoteric: 


Si 02 , Al, organics 


2 . cationic: 


Ni, Fe, NHs 


3. anionic: 

Hg,F,Br,I, NO 3 

The discussion follows the above sequence. 


7.5.8,L Silica. Silica is one of the secondary impurities, but it has synergistic effects 
in membrane cells when present along with calcium and aluminum [80]. It is difficult 
to remove silica from brine. The operator’s best defense is prevention. Selection of 
salt, choice of dissolving conditions in order to reject as much silica as possible, and 
prevention of contamination by foreign substances are all important toward this end. 

Much of the silica accompanying salt is in the form of clay or sand. Its solubility 
is not great, but it is possible for silica to accumulate beyond its specified limit in the 
brine. Other sources include brine filter beds, filter aids, sandstorms and other forms of 
atmospheric contamination, concrete salt storage pads, and process water. Section 7.5.4 
has presented reasons for avoiding the use of sand filters and diatomaceous earth filter 
aids in membrane-cell plants. Anthracite and a-cellulose, respectively, are among the 
recommended substitutes. The other sources of silica vary greatly with locality. Atmos¬ 
pheric contamination can be reduced by covering salt and equipment and sometimes by 
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siting facilities so that the source is not upstream in the prevailing winds. When process 
water contains silica, a different source can be used or a silica removal unit added. 
Section 12.4.3.1 mentions the use of ion exchange in this service. 

Silica, when present in brine, may be in either a soluble or a colloidal form. The 
soluble form at pH > 10 is HSiOJ or SiO^”; below pH 10, it is SiOa or H 2 Si 03 [160]. 
At pH > 10, silica can be removed by the addition of a soluble magnesium compound 
followed by NaOH addition [161]. The addition of insoluble magnesium oxide may also 
be used to lower the silica level, but it is not as effective as the addition of a soluble 
magnesium species such as the chloride. Typical data presented in Fig. 7.89 show the 
effect of the addition of 25 ppm Mg^“^ to lower the silica concentration in brine from 
about 15 ppm to about 5 ppm. It is essential, however, to ensure a Ca: Mg ratio of at least 
3 : 1 during MgCl 2 addition in order to achieve good settling and filtration. 

The addition of magnesium ion to a solution containing silica is the standard process 
for production of insoluble magnesium silicate. The equation for the formation of the 
metasilicate is 


Mg2+ + SiOj- Mg2Si03 (72) 

If we assign magnesium metasilicate a solubility product of K 2 and magnesium 
hydroxide as produced by the reaction 

Mg2+ + 20H- ^ Mg(OH)2 (73) 

a solubility product A'l, we have at equilibrium a residual silicate ion concentration of 

[SiOT] = ^l[OH-]VA^2 (74) 

As the pH increases in order to precipitate magnesium, the equilibrium solubility of 
silicate increases. In other words, the equilibrium concentration of the magnesium ion 
cannot be kept low by Eq. (73) to satisfy the demands of the downstream process and still 
be high to drive the reaction (72). The method outlined above therefore appears to be a 
nonequilibrium process that depends on the sequential precipitation of the two species. 



FIGURE 7.89. Effect of MgCl 2 addition on concentration of silica in filtered brine. 
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The magnesium silicate, once formed at high magnesium ion concentration, is probably 
occluded by the Mg (OH) 2 precipitate and is slow to redissolve. 


7.5.8.2. Aluminum. Aluminum by itself is not a highly dangerous impurity, but it forms 
various insoluble materials in combination with calcium and silica [162]. The sources 
of aluminum are much the same as the sources of silica. Certain high-grade salts are 
shipped in aluminum containers, which also can cause contamination. Another source 
within the process can be the carbon used in filter media. Some of these carbons contain 
up to 2% Al, which leaches out when exposed to alkaline brine. Acid washing of the 
carbon requires copious quantities of acid to leach out the aluminum. However, carbon 
that has been treated with chlorine at 300-400°C is low in aluminum, and after about 
48 hr of soaking and flushing with brine, less than 10 ppb Al is found in the effluent brine. 

Pickup from the salt can be minimized by controlling the pH in the dissolving pro¬ 
cess. Aluminum is amphoteric, and Fig. 7.90 shows that it is present in acidic solutions as 
the cation Ap“*" and in basic solutions as the anion AIO 2 [163,164]. In neutral solutions, 
aluminum is present as a fairly insoluble compound A 1203 - 3 H 20 or Al(OH) 3 . It can be 
precipitated as the hydroxide by addition of OH”, but it will remain in solution above 
the 100 ppb limit if the pH exceeds 8.5 [165]. When salt is dissolved at low pH, the alu¬ 
minum levels in raw brine are much higher than when the salt is dissolved at pH 8 or 9. 
The difference persists through chemical treatment to remove Ca and Mg, as shown in 
Table 7.29. Thus, when salt is dissolved at nearly neutral pH, the solubility of aluminum 
is suppressed, resulting in Al levels of 100-200 ppb after primary brine treatment. 



FIGURE 7.90. Potential-pH diagram for aluminum in aqueous solutions. 
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TABLE 7.29. Effect of pH on 
Aluminum Content of Brine 


pH in dissolver 3 8 

As dissolved 4.4 ppm 0.9 ppm 
After Treatment 2.0 ppm 0.08 ppm 


TABLE 7.30. Effect of 


pH on Ion-Exchange 
Capacity for Aluminum 


pH 

k 

b 

2 

5.22 

0.161 

4 

3.20 

0.191 

6 

2.38 

0.314 

10 

0.025 

0.443 


Note: Resin capacity expressed 

as G = 


Further lowering to ppb levels can be achieved by MgCl 2 addition (see above for 
removal of silica by precipitation with Mg^“*"), The aluminum, presumably existing as 
colloidal A 1 ( 0 H )3 or hydrated AI 2 O 3 , is removed either by adsorption on the “Mg(OH )2 
particles” or as a complex Mg-Al hydroxide. 

Ion exchange is another technique for removal of aluminum from brine. The discus¬ 
sion in Section 7.5.5,1 showed that the selectivity of the chelating resins used to soften 
brine depends strongly on pH. We noted above that aluminum readily forms oxygen- 
containing anions at high pH. At the operating conditions of brine softeners, therefore, it 
is not removed from the brine. At low pH, where the Ap“*" ion predominates, aluminum 
is held very strongly. This approach is used commercially with good success. We can 
approximate the equilibrium capacity of a resin for aluminum as an exponential function 
of the concentration of aluminum in solution. Table 7.30 shows the constants at 70^C and 
as functions of pH. The effect is striking, and at the expense of another pH-adjustment 
operation and another ion exchanger, we can remove aluminum from the brine quite 
effectively. 

7.5,83. Organics. The sources of organics in the brine can be lubricants, refriger¬ 
ants, paints, solvents, oils, and greases used in the plant and soot, ash, and dirt from 
the environment. Other sources are groundwater infiltration into the plant and reac¬ 
tion/corrosion products of the process materials. Also, a brine recovered from an organic 
chemical process will be contaminated with the species with which it has been in con¬ 
tact. Generally, it is difficult to characterize these compounds and even more difficult to 
remove them. 

Certain organics will degrade the performance of chlor-alkali cells by producing 
foam, which increases the gas void fraction in the cells and can cause the membranes 
to dry out, and by blocking the active sites in the membranes, resulting in lower current 
efficiency. Organics also affect the catalytic activity of coated anodes and shorten their 
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lives. Precise information as to which organics have which specific effect is not now 
available in the open literature. It is reported [166] that oxygenated organics such as 
alcohols, ketones, and ethers reduce current efficiency up to 6% as their molecular 
weights increase beyond 150. 

Currently available commercial technologies for removing organics from water 
do not all apply to removal of organics from brine. Organic-scavenging ion-exchange 
resins are commonly used in water treatment but cannot be used to remove organics from 
brine, which is the normal regenerant in such processes. RO also cannot be used because 
the pressure required would be more than commercial membranes can stand. Another 
process involving electrodialysis and ion exchange cannot be used with brine because 
of the generation of chlorine during the operation [167]. The effect of UV radiation or 
ozonation alone or in conjunction with carbon adsorption has some promise but has not 
been reported on a large scale. 

Organics can be removed from brine to some extent by adsorption onto carbon 
beds [168] and by steam stripping [169]. About 80% removal of organics was observed 
from brine containing 15 ppm TOC for over 100 hr by an activated carbon bed at about 
4BVhr“^ flow rate [170]. Carbon beds are less effective with high-molecular weight 
organic species, because of their large size, and with highly polar compounds, because 
of ionic repulsion [168]. 

There are many adsorbents available in the market. Rohm & Haas, to name one 
vendor, supplies the Amberlite® class of adsorbents, which includes Amberlite XAD-4, 
ZAD-7, XAD-7HP, ZAD-16, and XAD-1180 [169], These nonfunctionalized mater¬ 
ials are reported to adsorb chlorinated solvents, herbicides, nonaromatic compounds, 
and aromatic species, among many others. A typical example is the use of XAD-7 to 
remove phenolics from brine. Another class of adsorbents is the Ambersorb® series. 
Ambersorb 572 is claimed to remove quaternary ammonium salts such as chloromethyl 
tetraethyl ammonium ions from brine [171]. 


7,5.8.4, Nickel and Iron. As stated earlier, iron and nickel concentrations should be in 
the low ppb range after primary brine treatment. However, when such treatment is not 
practiced, or when certain recycle streams bypass primary treatment, these metals may 
be present in unacceptable concentrations. One reason for contamination of the brine 
with these species is corrosion of mild steel or nickel-based piping or equipment, caused 
by the incursion of hypochlorite into the caustic or brine system. 

Two possible approaches to lower the concentrations of these contaminants are 
precipitation as oxides or hydroxides and ion exchange. Oxides can be removed by 
adding NaOCl to the brine at a pH of 10-12, followed by filtration. Nickel levels as 
low as 5 ppb can be realized by this method. However, the practicality of instituting this 
scheme in an operating plant should be carefully assessed because of the possibility of 
corrosion and contamination of the brine by reaction of materials of construction with 
hypochlorite. 

There are various ion-exchange resins [172,173] that can be used to remove ionic 
nickel and iron from brines. These include Duolite C-467, Lewatit TP-207, Purolite 
S-930, and Amberlite IRC-718. However, the pH of the brine must be less than about 
five to ensure that they are in an ionic form as Fe^“^ or Fe^“^ and Ni^"^. At higher pH, 
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TABLE 7.31. Removal of Nickel and Iron from Brine at 
60 ^C 


Element 

Resin 

Ion 

concentration 

Capacity 

(mgpl) 

pH 

Nickel 

C-467 

Ippb 

10 

5 


IRC-718 

Ippb 

5.4 

5 

Iron 

C-467 

1 ppm 

25.7 

2-3 


IRC-718 

1 ppm 

2.4 

2-3 


these species exist as insoluble hydroxides. The exact pH at the transition depends on 
temperature and concentration, as well as the presence or absence of complexing agents. 
Table 7.31 shows the capacity of two resins for nickel and iron from NaCl solutions at 
60°C. Both these resins are regenerable by conventional acid treatment, 

7.5. 8 .5. Ammonia, Ammonia may be present in the molecular form or as the cation. It 
is discussed here among the cationic species for convenience and because some of the 
control techniques apply only to the ion. Ammonia compounds arise from contact of salt 
or brine with nitrogen bodies or through the infiltration of nitrogen-bearing groundwater. 
These compounds may also be present in plant water after primary treatment, especially 
when it is obtained from surface supplies. The major concern is not the influence of 
ammonium ions in the cells, but rather the formation of nitrogen trichloride. This is a 
highly explosive compound that will accompany the chlorine gas from the cells. It can 
accumulate in liquid chlorine, especially when differential condensation or vaporization 
takes place. Examples of these operations are compressor suction chillers and chlorine 
vaporizers. When NCI 3 accumulates to a certain concentration, it can detonate spontan¬ 
eously. A discussion of the whole subject of nitrogen trichloride and mitigation of its 
hazard is in Section 9.1.11.2. 

Chemical techniques for removal of ammonia include: 

1 . oxidation to nitrate by ozone; 

2 . electrochemical treatment; 

3. biological oxidation; 

4. formation of volatile NH 2 CI, which can be removed from solution by sparging. 

Ozonation of ammonia-containing water converts NH 3 to nitrate ion [174,175]. 
However, ozone generation is expensive, and the treated stream is still contamin¬ 
ated with nitrate (Section 7.5.8.10). Fundamental work on electrochemical treatment 
of wastewater showed oxidation of NH 3 at pH >7 [176]. The precise electrochem¬ 
istry of the process was not clearly established. Removal of ammonia by biological 
nitrification/denitrification involves biological oxidation to nitrate followed by bac¬ 
terial reduction to nitrogen [177]. The process requires large tankage and is subject 
to upsets. As an aside, precipitation by sodium tetraphenyl borate is a well-known ana¬ 
lytical technique and an effective process, but the high cost of the reagent precludes its 
commercial use. 

Of the four processes listed, only oxidation by active chlorine is practical today, and 
variations of this process are used widely in the chlor-alkali industry. Ammonia is partly 
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chlorinated at pH > 9.5 to form the very volatile monochloramine. This compound is 
easily removed by aeration [178]. In aqueous media, we write the active form of chlorine 
as HOCl: 


NHs + HOCl ^ NH 2 CI + H 2 O (75) 

The rate constant is given by 


k = 6.6x (76) 

At 25°C, this is 4.2 x lO^Lmor' s^i [179]. The optimal ratio of NaOCl to NH 3 is 
about L3-L5 at at a pH of 10-12. The reaction is rapid, converting 5 ppm of 
ammonia to <0.1 ppm in 5-10 min. The reactions are believed to be 

NH3 + NaOCl NH2CI + NaOH 

2NH2CI + NaOCl ^ NaCl + 2 HC 1 + N2 + H2O 

Reaction (75) is the first of a series of three that successively form dichloramine and 
nitrogen trichloride. Control of the pH allows the reaction to stop at the monochloramine 
stage. Section 9.1.11.2C on avoidance of NCI 3 discusses this in more detail. It also 
mentions that at high pH, where the hypochlorite ion is dominant, the end product can 
be nitrogen gas: 


2NH3 + SNaOCl -> N2 + 3H2O + 3 NaCl 

Bratcher [180] described a system in which hypochlorite solution was added to approx¬ 
imately neutral brine. This produced a two thirds reduction in the NCI 3 content of the 
chlorine. The ammonia N content of the brine actually was 95% lower. Incidental benefits 
were a 96% reduction in the ammonia N content of the hydrogen and an 86 % reduction 
in its chloramines content. 

Thus, ammonia can be removed either as NH 2 CI or as NH 3 by sparging with air or 
nitrogen. Whether the dominant species in solution is NH 3 or NH^ depends on the pH 
and the temperature. This is shown by the hydrolysis reaction 

NH 3 + H 2 O ^ NH| + OH- 

NH^ predominates at pH < 7 and NH 3 at pH > 9. Table 7.32 shows temperatures at 
which the ratio of ammonia to ammonium ion will be 80/20, 50/50, and 20/80 for 
various pH values. The dependence of pK on temperature can be estimated by using 
the equation: pK = 0.09018 -j- 2730/r for the reaction NHJ = NH 3 -j- H+. From 
Table 7.32 it is clear that the amount of NH 3 present can be increased by raising either 
the pH or the temperature of the medium. 

As alternatives to these processes, several synthetic ion-exchange resins such as 
Na-type Dowex HCR-S and zeolites (e.g., clinoptilotite) have been examined for their 
ability to remove the ammonium ion [181-185]. Clinoptilotite has limited capability 
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TABLE 7.32. Ammonia Equilibrium as 
Function of pH 



Temperature (°C) 

Ammonia/ammonium ratio: 

80/20 

50/50 

20/80 

pH 




7 

159 

122 

90 

7.5 

128 

95 

67 

$ 

100 

72 

48 

9 

56 

33 

14 


(12% of that of ion-exchange resins) and is hard to regenerate. The capacity of Dowex 
HCR-S was found to be proportional to the concentration of NHJ in solution [186]. 
This is usually considered to be a characteristic of an unfavorable exchange isotherm. 
Adsorption of NH 3 on activated carbons also has been studied extensively [187,188]. 
These studies showed that only the fraction of the surface with oxygen-carbon groups 
was effective for NH 3 adsorption. 

Ammonia can be air- or steam-stripped from aqueous solutions, steam usually being 
more effective than air. With high-strength industrial wastes, removal efficiencies can 
be more than 99% [189]. Ammonia is also removed by RO [190] and by microporous 
hollow fibers [191]. 


7.5.&<5. Mercury, Mercury in the feed brine degrades the performance of membrane 
cells because ionic mercury, transported through the membranes into the catholyte, 
is reduced to the metallic state on the cathode surface. The high overvoltage of the 
hydrogen evolution reaction on mercury causes the cell voltage to increase. The transport 
of mercury through electrolyzer membranes, fortunately, is inefficient. This results from 
the fact that mercury is present in anolyte as a complex anion, primarily as HgCl^”, 
which must overcome electrostatic forces to reach the catholyte. 

Generally, the brine is free of mercury in new membrane-cell installations. However, 
if a mercury plant is converted to membrane technology, it is very likely that the brine 
will be contaminated with mercury. Laboratory tests have shown that the concentration 
of mercury in the catholyte will be about l,() 00 -fold lower than the concentration in the 
anolyte, and it is usually considered that lOppb Hg in the catholyte has no short-term 
effect on voltage. 

Precipitation of HgS is effective for lowering the mercury level in the brine from 
about 10 ppm to about 10 ppb. This is done by addition of NaHS, followed by filtration. 
The procedure calls for pretreatment of brine with chlorine in order to solubilize the 
metallic mercury and an excess of 10 ppm of NaHS to drive the reaction to completion. 
The excess NaHS should be removed in turn, as it may have an adverse effect on the 
anodes through the precipitation of elemental sulfur in the anode compartment: 


NaOCl -h NaHS ^ NaCl -h NaOH -F S 
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Carbon impregnated with sulfur also can be used to bind mercury. A typical capacity in 
contact with saturated brine is 2 mg Hg/g carbon at pH 6. 

A popular approach for removing ionic mercury is by ion exchange in the pH region 
of 6-10. One resin, IMAC-TMR, has been used in a number of plants to remove mercury 
from wastewater. The resin is very selective for mercury because of the formation of 
-SH, or mercaptan, bonds. It is used in the hydrogen form and is easily regenerated 
with 30-35% HCl. As the resin is easily oxidized, even by air, occasional treatment with 
Na 2 S 03 or NaHS is necessary to preserve the activity of the exchange sites. The capacity 
of the resin is independent of pH and is almost the same in KCl or NaCl solution; at 
70°C, it is given by 


Q = 1.631 +0.277 log C 


(77) 


where 

Q = capacity of resin, mgHg L“ ^ 

C = concentration of mercury, ppm; from 0.08 to 30 


7.5.8.7. Fluoride. Fluoride adversely affects both the anode coating and the titanium 
substrate. Its removal, however, is not commonly practiced in the chlorine industry. 
Fluoride can easily be precipitated [192,193] as an insoluble fluoroapatite, Ca 3 (P 04 ) 2 ‘ 
CaF 2 , by the addition of CaCh and Na 3 P 04 during primary brine treatment, followed 
by the addition of soda ash or caustic soda: 

2NaF + 6 Na 3 P 04 + lOCaCh ^ 3 Ca 3 (P 04)2 CaF 2 + 20NaCl 

Studies [193] with chlorate cell liquors have shown that 20% excess CaCl 2 and 10% 
excess Na 3 P 04 are required for effective removal of fluoride ion. Further reductions 
can be achieved by sodium carbonate addition to remove the excess calcium ion, 
when the precipitated CaC 03 removes additional amounts of fluoride, as described in 
Table 7.33. 


TABLE 7.33. Precipitation of Ruoride from Chlorate Liquor 


Reaction 
time (hr) 

Starting concentration 
of F~ (ppm) 

[F ] after treatment 

CaCl2 H“ Na 3 P 04 

Na 2 C 03 

0.5 

20 

1.61 

0.13 


10 

0.99 

0.06 


1 

0.56 

0.04 

1.0 

20 

1.40 

0.13 


10 

0.52 

0.05 


1 

0.51 

0.04 
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7,5,8,8, Bromide, Most salts contain small quantities of bromide. There are no 
documented effects of bromide on membranes, but it can adversely affect DSA elec¬ 
trodes. The bromine formed by electrolysis also will affect the quality of the chlorine 
produced. When the bromine content of the chlorine gas becomes too high, there is a 
need to remove it in some form somewhere in the process. 

It is possible to remove the bromide ion from the brine before feeding it to the 
cells. The technique is the same as the one used to produce bromine commercially from 
chloride brines. The ion is oxidized by chlorine to form elemental bromine: 

2Br~ -h CI 2 ^ Br 2 + 2Cr 

Ensuring by adjustment of the pH and control of the oxidation-reduction potential (ORP) 
that it is not further oxidized to bromate, the bromine is air-stripped from the solution. 
In commercial operation [194], this process lowers bromide levels from 50 ppm to less 
than 0.5 ppm. Figure 7.91 is a schematic of the process. Heating the brine to a higher 
temperature (>65°C) helps to remove the low concentration of bromine; there will also 
be chlorine present in the offgas. 

Bromine also can be removed from the chlorine gas after the cells. This is done by 
partial condensation in a process that also serves to chill the gas before compression. 
Section 9.1.6.4A on chlorine processing describes the use of compressor suction chillers 
to remove high boilers including bromine from the gas. It also warns of the danger of 
accumulation of hazardous quantities of NCI 3 . 

Suction chiller bottoms usually is a waste product, and one that requires careful 
handling in its disposal. Recovery of bromine from the solution usually is not warranted. 

Since a certain amount of bromine can be accepted in most applications of chlorine, 
the use of bromine-removal processes has not been widespread. However, greater scru¬ 
tiny of drinking water quality has raised the issue of chlorate and bromate contamination 



FIGURE 7.91. Process for the removal of bromide from brine. (Reproduced with permission of the Society 
of Chemical Industry.) 




BRINE PREPARATION AND TREATMENT 


661 


[195,196]. Chlorination of the water is the principal source of these compounds. With 
time, more producers may find it necessary to add bromine removal facilities to their 
plants. 


7,5.8.9. Iodine. The iodine problem is a variable one, and in many plants it has not 
been of great concern. Most salts and water supplies, the most frequent sources of 
contamination, are relatively free of the element. High concentrations of iodide are more 
common in rock salts obtained from a deposit close to a petroleum or natural gas field 
[197]. While the iodide ion is the predominant form in salt, the Pourbaix diagram for 
iodine [198] shows that all forms can convert to iodate, lO^, and periodate, lO^, under 
the oxidative conditions in the anolyte chamber and the membrane. The normal practice 
therefore is to give brine specifications in terms of total iodine. 

The stoichiometry for the formation of periodate from iodide is 

r + 4 Cl 2 + 4H2O ^ IO 4 + 8 H+ + 8Cr (78) 

A certain amount of this ion travels through the membrane, in the direction of increasing 
alkalinity. While most simple forms of iodate are soluble in alkaline media, there are 
certain insoluble species. Sodium paraperiodate, Na 3 H 2 l 06 , is a combination of two 
moles of sodium hydroxide with one of sodium periodate. It is quite insoluble at high 
pH. Accordingly, it precipitates in the catholyte layer of the membrane, reducing the 
current efficiency. The corresponding potassium salt is much more soluble, and so iodine 
is a lesser problem in KCl electrolysis. 

Section 4.8 and its appendix discuss the action of iodine in more detail. It interacts 
with other elements to form other precipitates in either NaCl or KCl service. These pre¬ 
cipitates include barium paraperiodate, and so there may be a synergistic effect when 
both barium and iodine are present in the brine. Table 4.8.8 lists commercial brine spe¬ 
cifications for some of the common membranes [202]. The allowable concentrations of 
barium and iodine may be related to each other or to operating current density. Table 4.8.9 
lists the adverse effects of various brine impurities. There are reports of physically dis¬ 
tinct forms of Ba-I precipitates, with some very fine particles that form in regions away 
from the main current paths through the membrane [203]. These tend to have relatively 
little effect on membrane performance [204], and Section 4. 8 . 8 .3 also discusses the 
development of membranes with enhanced resistance to the effects of iodine. 

While the specifications for the leading commercial membranes differ, particularly 
in how they consider interactions between barium and iodine, they all call for less than 
0.1-0.2 ppm total I at high current densities. Barring the use of the special membranes 
mentioned in the preceding paragraph, the goal in the brine plant should be to achieve 
these levels. 

Iodine is difficult to remove from brine. Techniques suggested for its removal 
include treatment with chlorine to oxidize the 1 “ ion: 


CI2 + 21“ ^ 2 Cr + 12 


( 79 ) 



662 


CHAPTER 7 


followed by aeration (as described above for the removal of bromide), conventional ion 
exchange of the complex I 2 CP ion [ 194], or zirconium-cycle ion exchange [ 146]. Carbon 
adsorption is another possibility [199], but the adsorptive capacity is low (~1 mg/g on 
typical activated carbon). 

Iodine producers routinely use the first of these options [200,201]. It is essential that 
iodine not be further oxidized to IO 3 or lOJ, as in Eq. (78). This oxidation is prevented 
by controlling the chlorine feed to keep the ORP, using a Pt/Ag/AgCl electrode, at about 
900 mV. When the ORP exceeds 1,000 mV at a brine pH below 2, the chlorine will 
oxidize iodine to iodate. 

Direct removal of iodide by ion exchange is possible. However, standard resins 
have capacities too low to be of practical value in chlor-alkali operations. Therefore, the 
approach has been first to oxidize iodide to iodine as by Eq. (79), and then to allow it to 
form a complex ion with chloride: 


I 2 + Cr ^ (I 2 CI)" 


(80) 


In Solvay’s operation at Rosignano, Italy [194], an electrolyzer in the brine line generates 
enough chlorine for reactions (79) and (80). The process requires control of the pH (<3) 
and the ORP. Controlling the ORP of the effluent solution by manipulating the current 
to the electrolyzer prevents oxidation of I 2 . The complex ion can then exchange with the 
chloride ion of an anionic exchanger: 


R+cr -h (i2Ci)“ ^ R+(i2Ci)“ -h cr ( 8 i) 


where R'^ is a cationic fixed site on the resin. The process has operated commercially 
for more than ten years. From a starting concentration of about 3 ppm, the iodide level 
is held reliably below 0.2 ppm. 

The reference publication does not discuss regeneration of the resin. Independ¬ 
ent study [199] showed that the resin can be regenerated by washing with 4% NaOH 
or 20% NaHSOa and rinsing with 9% HCl or 10% brine. Standard resins tested had 
capacities of r 2 gl 2 L“^ of resin at an effluent iodine concentration of 0.15 ppm at 
22°C and pH 2. The capacities were very low at 70°C. Thus, the iodide removal 
scheme involves cooling the brine and lowering its pH before ion exchange. The 
temperature and perhaps the pH then require adjustment before the brine enters the 
electrolyzers. 

Recently, a novel ion-exchange material based on ZrO(OH )2 has been developed 
by Chlorine Engineers [195], This has been shown to remove sulfate, iodide, and silicate 
from brines. The advantage of this material is that one does not have to liberate iodine 
and capture it on a conventional ion-exchange material. Instead, the iodine liberated 
by the chlorination of brine can be allowed to oxidize to iodate or periodate, which is 
then taken up by the Zr-based oxide at pH 2 and later desorbed with caustic at pH 12 
(Figs 7.92 and 7.93). Iodate is completely desorbed at 50°C but not at 25°C. Figure 7.94 
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FIGURE 7.92. Adsorption isotherm for iodate on zirconium oxyhydroxide. pH = 2-3; temperature = 25°C. 
(Reproduced with permission of the Society of Chemical Industry.) 



FIGURE 7.93. Influence of temperature on iodate removal by zirconium oxyhydroxide. (Reproduced with 
permission of the Society of Chemical Industry.) 


shows adsorption isotherms for various iodine species. The reactions of iodate capture 
and release are: 


ZrO(OH )2 + NalOs -h HCl ^ Zr 0 ( 0 H)I 03 + NaCl + H 2 O 
Zr 0 ( 0 H)I 03 + NaOH ZrO(OH )2 + NaI 03 
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FIGURE 7.94. Adsorption behavior of various anions on zirconium oxyhydroxide. (Reproduced with 
permission of the Society of Chemical Industry.) 



FIGURE 7.95. Isotherms for silica on zirconium oxyhydroxide. (Reproduced with permission of the Society 
of Chemical Industry.) 


A similar mechanism is proposed for the removal of silica as shown below: 

ZrO(OH )2 + NaiSiOs + 2HC1 ^ Zr 0 ( 0 H)HSi 03 + 2NaCl + H 2 O 
Zr 0 ( 0 H)HSi 03 + 2NaOH ^ ZrO(OH )2 + Na 2 Si 03 + H 2 O 

Figure 7.95 shows isotherms for the removal of silicate by zirconium oxyhydroxide. 
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7,5.8,10. Nitrate. There is some concern over the possibility of damage by nitrate ion, 
but there are no related citations in the open literature. Nitrate is easily reduced chemically 
[205-207]. 


7.5.9. Removal of Dissolved Chlorine and Chlorate 

The discussion of brine purification so far has dealt with the removal of impurities that 
enter the plant accidentally or with the salt, the process water, or auxiliary materials. 
In mercury- and membrane-cell plants, the partly exhausted brine, or “depleted brine,” 
that leaves the cells must be recovered and resaturated for recycle to the cells. With 
those technologies, therefore, impurities that form or accumulate in the cells or the brine 
recycle loop are also important. 

Depleted brine will be physically saturated with chlorine, and some chlorine will 
react to form hypochlorite (Section 7.5.9.1). This chlorine value represents an economic 
asset to be recovered and, particularly in the case of membrane cells, an intolerable 
contaminant in the brine treatment system. There are several approaches to this problem 
[208], and we cover these below. We divide them into methods aimed at recovery of the 
bulk of the chlorine in a useful form (primary dechlorination; Section 7.5.9.2) and those 
whose purpose is to reduce the active chlorine to chloride and safeguard the environment 
or other parts of the process (secondary dechlorination; Section 7.5.9.3). Some of the 
hypochlorite that forms in the anolyte will continue to react to foim chlorate. This is a 
much less harmful impurity in the cells, and higher concentrations are tolerable. Many 
plants keep the chlorate concentration under control by natural or deliberate purges from 
the brine system (Section 7.5.7.2A). In others, it is necessary to reduce some of the 
chlorate ion to chloride in order to maintain control (Section 7.5.9.4). 


7.5.9.1. Solubility of Chlorine in Aqueous Systems. Before discussing dechlorination, 
we consider the solubility of chlorine in water and brine. Even though the solubility of 
chlorine in water is not great, the system does not follow Henry’s law. The reason for 
this is the hydrolysis of chlorine to hydrochloric and hypochlorous acids: 

CI2 + H 2 O ^ H+ + cr + HOCl ( 82 ) 

This is a reversible reaction, and the HCl formed will be essentially completely ionized. 
At the low pH of the resulting solution, the hypochlorous acid, with a pK of about 7.5, 
will remain molecular. The complex ion Cl^ also exists: 

CI 2 + cr CI 3 (83) 

This reaction is not favored in water, where the low concentration of the chloride ion 
allows the equilibrium to lie far to the left [209]. In brine, Cl^ is more of a factor. More 
chlorine can enter into combination with the ion, at least up to CI 5 , but only in very 
small amounts. 

The unhydrolyzed chlorine is the species that is directly in equilibrium with the 
chlorine in the gas phase. If we express solubility of molecular chlorine by Henry’s law. 
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its concentration in solution is proportional to the partial pressure of chlorine in the gas 
phase. If we designate this partial pressure by P we have 

[CI 2 ] ^ HP (84) 


where 

[CI 2 ] = dissolved concentration of molecular chlorine 
H = solubility constant (function of temperature) 

At the same time, the chlorine is in chemical equilibrium by reaction (82). The 
equilibrium constant is 


K = [H+][Cr][H0Cl]/[Cl2][H20] (85) 

More precisely, we should use activities. Assigning unit activity to water and recognizing 
that in the pure water/pure chlorine system the concentrations of H"*", Cl“, and HOCl 
are small and equal, we have 


K = [HOCllVff 


( 86 ) 


or 


[HOCl] = (87) 

Now the total amount of chlorine which dissolves is equal to that which remains in 
solution as molecular chlorine plus that which has hydrolyzed. The latter quantity is 
equal to the amount of hypochlorous acid formed. So we combine Eqs. (84) and (87) to 
obtain the total “solubility” as 


S = HP 

Dividing through by rectifies this equation: 

5/P*/3 ^ + fjp2p ^ ^ ^ ^p2/3 


( 88 ) 


(89) 


This is equivalent to 


S = aP^'^+bP (90) 

The constants a and b are functions of temperature and can be obtained from linear 
plots suggested by Eq. (89), as in Fig. 7.96. The values of a and b obtained from the 
solubility data in Perry’s Handbook and covering temperatures from 0°C to 80°C, with 
pressure expressed in mmHg and solubility in milligrams per liter, are in Table 7.34. The 
nearest approach to the conditions used in deriving Eqs. (88) and (90) is in the dissolving 
of chlorine in water as it condenses from cell gas. The following example considers a 
typical chlorine cooler/chiller combination. 
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FIGURE 7.96. Linearized plots of solubility of chlorine in water. Units: pressure in irnnHg, solubility in mgpl. 


TABLE 7.34. Solubility Constants for 
Chlorine in Water 


Temperature, °C 

a 

b 

Pressure range 

0 

234.5 

17 

0-250 

20 

234,3 

6.9 

0-1000 

40 

229.5 

3.58 

0-1000 

60 

217.9 

2.16 

0-1000 

80 

200.7 

1.514 

0-1000 


Note: For use with Eq, (89) or (90); P in mmHg, S in mgpl. 


Example, The cell gas is cooled in stages to 40°C and then to 15°C. We take the pressures 
at the outlets of the exchangers to be 745 and 733 mmHg, respectively. The partial 
pressure of water is reduced to 55.3 mmHg, which is its vapor pressure at 40°C, in the 
first cooler. The uncondensed water, barring any change in the other components of 
the gas, would be 601.7 kg hr~^. The partial pressure of chlorine after the removal of 
water in the cooler is 677.35 mm. Applying Eq. (88), with a — 229.5 and b = 3.58, the 
solubility of chlorine is 


229.5 X 677.35^/^ + 3.58 x 677.35 = 4,440mgpl 

This represents about 35.4 kg hr~' of chlorine dissolved in the water. 

Since we assumed no change in the quantity of chlorine in the gas in the calculation 
above, the partial pressure used there is too high. Iteration is necessary, and the solution 
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quickly converges to 


Gas in Gas out Condensate 


Chlorine 28,995 28,959.2 35.8 

Water 8,571 598.7 7,972.3 

Others 238 238.1 


If we allow for infiltration of air to a concentration of 2%, we have 


Gas in Gas out Condensate 


Chlorine 28,995 28,960.3 34.7 

Water 8,571 625.0 7,946.0 

Others 766 766.1 


If at the same time, the atmospheric pressure drops and the operating pressure becomes 
only 730mmHg, we have 



Gas in 

Gas out 

Condensate 

Chlorine 

28,995 

28,960.9 

34.1 

Water 

8,571 

638.9 

7,932.1 

Others 

766 

766.1 



Each change allowed more water to pass through the exchanger. The presence of more 
inert gas, on the other hand, reduced the partial pressure of chlorine, and so the amount 
dissolved decreased. 

Passing the cell gas through the chiller at the first set of conditions gives 



Gas in 

Gas out 

Condensate 

Chlorine 

28,959.2 

28,955.5 

3.69 

Water 

598.7 

132.8 

465.9 

Others 

238.1 

238.1 



Pursuing the two variations on cooler operation, the amounts of water condensed in the 
chiller become 486.9 and 498.8 kg hr“^, leaving 138.1 and 140.1 kg hr“^ uncondensed. 
The amounts of chlorine dissolved are 3.74 and 3.83 kg hr”^ 


The last term in Eq. (88) prevents solubility from being linear with partial pres¬ 
sure, confirming that Henry’s law does not hold for the total solubility of chlorine 
in water. Since that term contains the cube root of P, the amount dissolved is less 
than linearly dependent on the pressure. This makes it more difficult to remove chlor¬ 
ine from solution by reducing its partial pressure in the gas phase. Simply blowing 
a solution with air or reducing the total pressure above it is less effective than it 
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would be in the absence of hydrolysis. The usual technique for removing chlorine from 
an aqueous solution therefore involves the addition of HCl to reverse the hydrolysis 
of Eq. (82). 

When HCl is added, the concentrations of the three key species no longer are equal, 
and under practical conditions we have 

[H+] « [Cn » [HOCl] 


Now 


[HOCl] = KHP/lH+f (91) 

and Henry’s law holds. The constant becomes 

H'^ {I + K (92) 

Equations (91) and (92) hold only at low acid concentration. As the concentration of HCl 
in solution grows, more of the complex ion CI^ forms (Eq. 79). This is another form of 
active chlorine, and its presence forces the total solubility of chlorine in aqueous HCl to 
go through a minimum at about 2% HCl (pH 0.2). 

The solubility of chlorine in brine is less than it is in water. Equation (85) when 
written in terms of activities still holds, and the high activity of chloride ion makes 
hydrolysis less efficient and reduces the formation of HOCl. In order to maintain equi¬ 
librium, the concentration of molecular chlorine increases relative to the concentration 
of hydrolyzed forms. Equation (87) no longer holds, but we still have 

[H+] = [HOCl] 

The analog to Eq. (90) then becomes 

S = aP^I'^ + bP (93) 

The equilibrium of Eq. (83) becomes more important. The CIJ formed is an 
important part of the total solubility, but its concentration is proportional to 
the solubility of molecular chlorine and it does not affect the empirical form 
of Eq. (93). 

Finally, we consider concentrated, acidified brine. The concentrations of H^, Cl~, 
and HOCl are all different. Again, we can use Henry’s law with a pseudo-coefficient //': 

S = H'P (94) 


Formally, 


H' = il + Ka/[U+] + k3a2)H 


(95) 
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where 

K = reaction equilibrium constant 
H = Henry’s law coefficient for dissolved CI 2 
^3 = equilibrium constant for the formation of CI 3 
a\ = activity of water 
a 2 = activity of chloride ion 
a = a\la 2 

In terms of the hydrogen-ion concentration, this can be written at a given pressure as 

5 = a + £>/[«+] (96) 

O’Brien [208] showed representative data that gave a linear plot of solubility against 
the reciprocal of hydrogen-ion concentration. At constant pH, the solubility of chlorine 
should be proportional to its partial pressure in the gas. The data of Bott and Schulz 
[ 210 ] confirm this. 

None of the equations above shows how solubility varies with salt concentration or 
temperature. Yokota [211] has published a correlation that fits the equations 

5i = 10“^(2.21 -0.00398AT)P x (97) 


where 

S\ = physical solubility (CI 2 + CI 3 ), rnolL'^ 
N = concentration of NaCl, g L“^ 

P = partial pressure of chlorine, bar 
T = temperature, K 


52 = 0.5[X ± y(X2 + 2.4 X 10-6)] (98) 

where S 2 is the combined chlorine (HOCl + OCl“) in solution, mol L"'. Equation (98) 
also covers acidified brine, where X takes on negative values. The total solubility is the 
sum of and 52 - 


7.5.9.2. Primary Dechlorination, The dechlorination process will have some combin¬ 
ation of the following four objectives: 

1 . recovery of chlorine in a useful form; 

2 . reduction of rates of corrosion; 

3. protection of brine-softening resins in membrane-cell plants; 

4. reduction of chlorine/hypochlorite concentration in wastewater. 

The last item is of interest primarily in diaphragm-cell plants. The processes used include 
physical and chemical dechlorination. This section discusses the physical methods. 

The previous section showed that reversal of the hydrolysis of dissolved chlorine 
is necessary for its efficient removal from solution. The hydrolysis is partly reversed 
in the presence of a high chloride ion concentration. Chlorine is therefore less soluble 
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FIGURE 7.97. Solubility of chlorine in NaCl and KCl brines. 


in brine than in water and less soluble in mercury-cell brine than in membrane-cell 
brine at the same conditions of temperature and pressure. It is inherently more soluble 
in KCl solutions. Figure 7.97 illustrates this. The plot, based on International Critical 
Tables data, shows the molality of dissolved chlorine as a function of the molality of 
the salt. In membrane-cell practice, cell brine concentrations are more nearly equal 
on a weight basis, so that the NaCl solutions encountered have higher molalities than 
the KCl solutions. As shown by the tie lines, this increases the differences. In typical 
membrane-cell depleted brines, chlorine is about one third more soluble in KCl solutions. 
Its solubility is lower in mercury-cell depleted brines, which have higher concentrations 
of salt. At these higher concentrations, the relative solubilities in the two types of brine 
continue to diverge, with the result that chlorine is about one half more soluble in KCl 
than in the corresponding NaCl mercury-cell brine. Hydrochloric acid, by contributing 
two common ions, is particularly effective in reversing the hydrolysis, and it is common 
practice to add HCl to the solution to be dechlorinated. In brine, HCl should be added 
to a pH of about 2-2.5. In water, a pH closer to 1 will be required. 

With the hydrolysis reversed, the molecular chlorine can be removed from solution 
by reducing its partial pressure in the gas in contact with the solution. The partial pressure 
of chlorine over an aqueous solution is 

P = Yl -pw ~ P\ (99) 


where 

n = total pressure on system 
= vapor pressure of water over brine 
Pi = sum of partial pressures of other gases 

A standard approach to dechlorination is to reduce the total pressure by imposing 
a vacuum. In Eq. (99), this reduces the term fl. Another effective method is aeration. 
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where the presence of air in the gas phase also reduces the partial pressure of the chlorine: 

P = ri—/7w”Pair (100) 

where pair is the partial pressure of air. 


7.5.9.2A. Vacuum Dechlorination. Dechlorination with the aid of a vacuum is probably 
the most frequently used method. It had been the standard process in mercury-cell plants 
for many years and was naturally adapted to membrane cells. Any of the standard methods 
of producing vacuum (Section 12.6.1) will be satisfactory. Steam jets are quite acceptable 
as vacuum sources, since their effluent can simply join the cell gas flowing to the chlorine 
coolers. 

With brine at or near its full process temperature, the operating pressure is reduced 
to about a third or a half of an atmosphere. Nearly all the chlorine in the depleted 
brine is recovered and can be returned to the process. The resulting brine is not suitable 
for return to a membrane-cell process. There is need for further dechlorination, which 
is the topic of Section 7.5.9.3. In a mercury-cell process, on the other hand, there 
actually are advantages to incomplete dechlorination. The presence of free chlorine in 
the brine returned to the salt dissolver, given suitable materials of construction, helps 
to keep mercury in solution and prevents its deposition on the brine sludge that will be 
removed from the process. Typical concentrations are 10-50 ppm CI 2 . Especially given 
the inherently lower solubility of chlorine, conditions used to dechlorinate mercury-cell 
brines therefore can and should be less rigorous. 

Vacuum dechlorination normally takes place in a packed column. Usually, there is 
little in the way of countercurrent flow; the packing serves primarily to provide surface 
for separation of vaporized chlorine from the liquid. While brine is introduced at the 
top of the column, the vacuum may be applied either at the top or at the bottom. Water 
will vaporize from the solution as the chlorine is released. The amount depends on the 
temperature and concentration of the feed brine and the depth of vacuum. The column 
must be sized to handle whatever vapor traffic results. 

Section 12.6.3 discusses the various methods of pressure control in vacuum systems. 
It points out that some situations, more common with liquid-ring pumps than with steam 
jets, favor allowing atmospheric air to enter the process. This balances capacity and 
demand. The chlorine recovered here, however, may be combined with the cell gas and 
processed through liquefaction. In that case, the air added to the system reduces the 
efficiency of liquefaction (Section 9.1.7.2A). Pressure control by recycling some of the 
compressed vapor to the vacuum producer then would be a better method. 

An option to consider is operation without pressure control. The deeper vacuum that 
results will release more chlorine from solution. In a membrane-cell plant, this will reduce 
the cost of the secondary dechlorination, which is discussed below, but the approach may 
not be workable in a mercury-cell plant, where higher free chlorine concentrations are 
desirable. More water will evaporate along with the incremental chlorine. The load on 
the vacuum condenser will therefore increase, but not by as much as when the addition 
of steam is used for pressure control. At the same time, the dechlorinated brine will 
become cooler. This can only help the pumping operation. The cooler brine can also 
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Vapor 



abstract more heat from cell-room caustic in an interchanger. In a smaller plant or one 
without an interchanger, on the other hand, the lower temperature adds to the load on 
the cell room brine preheater. 

Most large vacuum dechlorination columns are constructed of rubber-lined carbon 
steel. They contain up to 2 m of ceramic saddle packing. The brine enters the bed through 
a flow distributor; weir-trough distributors fabricated of FRP or a ceramic are common. 
The brine may also be fed across the width of the column by an internal feed pipe. This 
pipe will be of a resistant plastic; it will be removable and will be inserted through a 
lined nozzle. Large columns may have more than one feed pipe. Packing support and 
hold-down plates will be of coated steel or, because of the danger of penetration of 
the coating by the load, titanium. Internal hardware and bolts for the various supports 
are of Hastelloy. Figure 7.98 is a typical example. The instrumentation shown provides 
temperature indication and level and pressure signals that may be used to control the 
process. The assumption in this drawing is that the lower section of the column serves 
as a liquid storage vessel. This avoids the need to add a separate tank but adds to the 
size of the dechlorinator and the weight that in some designs is supported in the process 
structure. 
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While the exact pressure of operation varies from plant to plant, it is normally within 
the operating range of a single-stage steam ejector or liquid-ring pump (Section 12.6.1). 
The nozzles of a jet and other parts in contact with the process fluid must be of a resistant 
material such as titanium. The vacuum pump is the more expensive alternative, but it 
has the advantages of making less noise and of adding little water to the process. The 
components of a liquid-ring pump may be lined steel or titanium. Some models use 
ceramic-coated bodies and titanium impellers. The operation of liquid-ring pumps is 
covered in Section 9.1.6.2C on chlorine compression. 


7.5.9.2B. Air Stripping. The function of the vacuum in the preceding section is to reduce 
the partial pressure of chlorine vapor over the solution and so to help its release from the 
solution. In the alternative discussed in this section, rather than reducing P by reducing 
n, one obtains the same effect by increasing the quantity to be subtracted from FI. The 
technique is quite simple. Acidified water or brine is pumped to the top of a column, 
and air is blown in at the bottom. This countercurrent arrangement has the advantage 
of staging the system and improving the rate of mass transfer between phases. Stripped 
brine from the bottom of the column flows to a collection tank that may be attached to the 
column. The outlet from the column must be sealed to prevent the escape of air. Typical 
superficial velocities of brine are about 120 m hr”^ 

Air stripping is a low-capital approach. Typical materials of construction are fiber¬ 
glass and lined steel; packing can be ceramic or a high-strength resistant plastic. In 
very round terms, air stripping can be installed for a cost one third less than vacuum 
dechlorination. The operational disadvantages of the process are the energy consumed 
by compression of the air and the dilution of the recovered chlorine. The concentration 
of chlorine in the air leaving the column normally is less than 10% (v/v) and may be 
quite low. The typical liquefaction process tail gas has a higher chlorine content. Taking 
the product of air dechlorination to liquefaction in such a case would actually result in 
recovery of less liquid chlorine. This usually is decisive in large plants, and there vacuum 
dechlorination is the normal choice. 

The gas from an air stripper can always go to a bleach plant for the recovery of the 
chlorine value. The production of bleach by absorption of chlorine into caustic solution 
is discussed in Chapters 9 and 15. 

It is also possible by careful design to reduce the gas/liquid ratio and produce a 
richer product gas. Under these conditions, air stripping in a sieve-plate column has been 
a commercial process on the 100"^-tpd scale. By providing enough theoretical plates in a 
column, one can keep the equilibrium and operating lines close together, reducing the air 
flow and thereby increasing the concentration of chlorine in the offgas. Yokota [212-216] 
studied the system in detail. He provided correlations for mass-transfer capacity and 
determined the number of plates required at different gas:liquid ratios. Figure 7.99 is 
a modified McCabe-Thiele diagram on a logarithmic scale. The coordinates are mole 
ratios (chlorine:others) rather than mole fractions. The drawing shows operating lines 
for three different liquid: gas ratios, corresponding to final gas-phase mole fractions, 
denoted by y, of 0.10,0,25, and 0.50 chlorine. The maximum possible concentration is 
not much more than 50%, and Fig. 7.99 shows that there is a pinch section in a column 
that hinders operation above about 30% CI 2 . The conventional air-stripping process, with 
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FIGURE 7.99. McCabe-Thiele diagrams for air stripping. 


TABLE 7.35. Concentration of Recovered 
Chlorine vs Number of Plates 


Number of plates 

Concentration (% CI 2 [v/v]) 

2.0 

10 

3.0 

20 

4.43 

30 

6.83 

40 

16.31 

50 

Infinite 

60 


y < 0.1, is quite simple and does not require many plates or transfer units. Table 7.35, 
derived from this plot, shows the minimum number of theoretical plates required as a 
function of the desired chlorine concentration in the recovered gas. With restricted gas 
flow, the liquid: gas flow ratio then becomes unusually large, and Yokota’s work was in 
the range 400-6,000. 

The rapid increase in the number of plates above a concentration of 30% reflects 
the pinch in the McCabe-Thiele diagram. The economic balance to be struck here is one 
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between the longer column required to keep the concentration of chlorine high and the 
costs associated with the higher flow of air required when using a shorter column. 

The unusually small volume ratio of gas to liquid makes stripping plate efficiencies 
low. Yokota’s model of the process assumes that liquid travels across a plate in uniform 
flow with no transverse mixing but that vertical mixing is perfect. He then characterizes 
a plate by the length of linear travel of the liquid. Correlation of the experimental data is 
in terms of the “length of a transfer unit.” This is the distance that liquid must travel to 
undergo an amount of mass transfer equivalent to one transfer unit. A plate then provides 
a (normally fractional) number of transfer units given by 

= Lt/Z^u (101) 


where 

N = number of transfer units supplied by a plate 
Lj = length of travel of liquid over a plate 
Ljj = length of a transfer unit 

The length of a transfer unit generally decreases as gas flow rate increases. Figure 7.100 
illustrates the effect, which tends to level off at a gas velocity of about 2.8cms“^ 
Experimentally, L\j at that gas rate is proportional to the 0.6 power of liquid mass 



FIGURE 7.100. Lengths of transfer units in air-stripping columns. 
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FIGURE 7.101. Plate column for air stripping. 


flow rate: 


Lu = 


( 102 ) 


where 

a = coefficient 

Ml = mass flow rate of liquid (kg m“^ hr~^) 

With the units used on Fig. 7.100, a ^ 0.35. Yokota developed correction factors for 
other velocities and showed how to estimate the Murphree liquid-side plate efficiency 
for all sets of conditions. 

Figure 7.101 shows a commercial tower, designed according to these principles, 
that has operated effectively [212]. It is about 4.5 m high, with a plate spacing of about 
215 mm, PVC is the primary material of construction. 


7.5.9.2C. Steam Stripping. In common with air stripping, steam stripping works in part 
by diluting the gas phase in the stripper. Normally, live steam is injected into the acidified 
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condensate recovered from a diaphragm-cell plant’s gas cooling section. This has the 
added effect of raising the temperature of the water. The activity of dissolved chlorine 
becomes higher, and its tendency to vaporize increases. 

Open steam is not used to strip chlorine from brine, where the dilution it would 
cause is objectionable. Its application is limited to chlorine-bearing condensate, and it 
is therefore discussed in the Section 9.1.3.5B on chlorine cooling. 


7.5.9.5. Secondary Dechlorination Free chlorine can be “destroyed” or reduced from 
OCl“ to Cl~ by catalysis, chemisorption on activated carbon, or addition of a chemical 
reducing agent. While in principle some sort of reduction could be used for the entire 
process of dechlorination, it would be impractical not to recover most of the chlorine as 
the element. The reduction or decomposition process therefore is used only as a backup 
measure. The process is also useful in wastewater treatment. 


7.5.9.3 A. Chemical Reduction. Most membrane-cell operators rely on a reducing agent 
for scrupulous removal of free chlorine. Chlorine or hypochlorite is a powerful oxidizing 
agent. Many other substances, therefore, can serve as reducing agents to hypochlorite 
and can reduce it to the more benign chloride. In this chapter, we consider only sulfur 
compounds and hydrogen peroxide as reducers. Both types are used in chlor-alkali plants, 
but the sulfur-based agents have been more common. 


Use of Sulfur Compounds, These reducing agents include sulfur dioxide, sulfite, bisul¬ 
fite, and thiosulfate. The first three are oxygenated forms of sulfur in the -|-4 valence 
state. They are easily oxidized, thanks to the great stability of the compounds, and 
they are widely used as dechlorinating agents throughout the chemical industry and in 
water treatment. It was natural to extend their use to brine dechlorination when mem¬ 
brane cells required addition of the secondary step. The salts derive from neutralization 
of sulfur dioxide. Commercial forms include sodium sulfite, Na 2 S 03 ; sodium bisulfite, 
NaHSOs; and sodium metabisulfite, Na 2 S 205 . The sulfite is available both as a solid 
and in a solution containing the equivalent of 23-27% SO 2 . The bisulfite, strictly speak¬ 
ing, is available only in solution. When dry, it reverts to its anhydride, which is the 
metabisulfite. 

Whichever form of is used, the active agent will be the same. In solution, 
proton shifts between the different forms are rapid [217], and which form takes part in 
the reaction depends entirely upon the pH of the brine. Since secondary dechlorination 
of brine usually follows or accompanies the addition of alkali, the sulfite ion is the 
predominant form. Miron [218] reports that it is also the most active. The following 
equilibria apply: 


50 2 + 2 OH- HSOJ + OH" ^ SO^“ + H 2 O 
The same is trae of the compounds: 

50 3 + 20H- HSOJ + OH" SO|- + H 2 O 
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At the pH of the typical dechlorination process, the equilibrium in the latter case lies to 
the right, and the product of the reaction usually is the sulfate ion. The reaction between 
sulfite and hypochlorite ions then is simply 

soT + ocr soj' + cr 

A similar reaction with bisulfite would be 

Hsoj + ocr ^ HSO4 + cr 

Since sulfate is the normal product, the overall reaction becomes 

HSO3 + ocr + OH“ ^ H2O + soT + cr 

Continuing on to SO 2 , 

SO2 + ocr + 2 OH“ ^ H2O + soj- + cr 

Ionic strength is not important, and so rates of reaction are nearly the same in brines as 
in water. Sodium and potassium salts are comparable in their effects. Having made all 
these distinctions, from a practical standpoint the reactions are reasonably rapid and do 
not present a design problem. 

If a reacted form of SO 2 is chosen, local availability and price will be major factors 
in the decision. In a price comparison of the sulfite reagents, it should be remembered 
that some of the apparent premium cost of sulfite or bisulfite is associated with the caustic 
that is combined with SO 2 . As the equations above show, SO 2 , in becoming SO^' in 
alkaline brine, abstracts that same caustic from solution and loses some of its apparent 
advantage. 

Sulfur dioxide, as the normal precursor of the others, will be the cheapest agent in 
bulk. However, this application represents a very minor market for SO 2 , and it may not 
be available at bulk prices. Furthermore, its presence raises a new set of hazards. Only 
the larger plants or those already using liquid SO 2 in some other application are likely 
to go this way. For this application, SO 2 will most probably be supplied in cylinders. Its 
behavior as a fluid is quite close to that of chlorine. The liquid densities are quite similar, 
and the vapor density of SO 2 is only about 10% lower, reflecting its lower molecular 
weight. Vapor pressures, however, are quite different; at normal ambient temperatures, 
SO 2 is about 40% as volatile as chlorine. This combined with its higher latent heat of 
vaporization means that SO 2 can not be withdrawn from an unheated cylinder as rapidly 
as can chlorine. A cylinder can be heated by placing it in a heated zone or by attaching 
electric strip heaters. The latter practice, unacceptable in the case of chlorine, is tolerated 
with thermostatic control because of the lower vapor pressure of SO 2 [219]. The vapor 
transfer piping also should be heated to prevent reliquefaction. 

While moderate heating of an SO 2 cylinder is not likely to cause a problem of 
overpressure, the user should bear in mind that the cylinders are protected by fusible 
plugs. 
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SO 2 does not attack ordinary metals when dry, but it can be highly corrosive when 
wet. At process temperatures, stainless steels are suitable. 

Sulfites and bisulfites are not considered extremely hazardous. One hazard associ¬ 
ated with their handling derives from the possible presence of SO 2 . Sodium bisulfite, 
with a higher ratio of SO 2 to caustic, is in equilibrium with air containing about 2% 
SO 2 and must therefore be regarded as more hazardous than the sulfite. Handling and 
storage practices established for bisulfite solutions frequently are used with sulfites as 
well. Solutions are stored in stainless steel or fiberglass (bisphenol resin as a minimum) 
tanks, which must be designed for the high specific gravity (1.3-1.35) of the solution. 
A common strength for supply is 38% NaHSOa, with a freezing point of about 1.1 ^C. 
Small quantities, such as the one or two truckloads common to chlorine plants, are some¬ 
times stored indoors or in heated enclosures. When bisulfite solution is stored outside 
in ambient conditions that require it to be protected from freezing, the tank must be 
heated. Pipelines should then be insulated and in some conditions should be electrically 
traced to prevent freezing. Piping may be of Schedule 80 CP VC or of Schedule 10 or 
40 Type 316 stainless steel. Wetted metal parts of valves should be Type 316 SS or 
Alloy 20. 

In the dry form, these reagents are not toxic but are irritants to the eyes, skin, and 
respiratory tract. Either form can react with acids or oxidizing agents to release SO 2 
vapor. Again, metabisulfite is the more likely to decompose, and it should be handled 
with extra care. Suggested protective equipment includes boots, goggles, and gloves, 
along with impervious clothing. Proper venting is essential, and full-face respiratory 
protection is recommended when the dust concentration may be above the threshold 
limiting value of 5 mg m~^. 

Since sulfur dioxide hydrolyzes after it dissolves in water, a treatment similar to 
that used to derive relationships for the solubility of chlorine should be useful. Using 
Henry’s law, we set the concentration of dissolved SO 2 proportional to P, the partial 
pressure of SO 2 in the gas. Ki is the equilibrium constant for the hydrolysis reaction, 
and the activity of water is taken as unity. In this case, we have the equations 

[SO 2 ] = HP (103) 


and 


[H 2 SO 3 ] = ^i[S 02 ] = KiHP (104) 

for the concentrations of the molecular species in solution. Next, we have the ionization 
of sulfurous acid to form bisulfite: 

H 2 SO 3 H+ + HSO 3 (105) 


Assigning this the equilibrium constant K 2 , we have 


[H+][HSOJ] = /s:2[H2S03] = K 2 K 1 HP 


(106) 
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Anticipating a result from the real properties of the system, we ignore the further ioniz¬ 
ation of bisulfite to sulfite. This means that the concentrations of hydrogen and bisulfite 
ions are nearly equal. Now we write 

[HSO 3 ] = (107) 

The total amount of SO 2 dissolved is equal to the sum of the three species SO 2 , H 2 SO 3 , 
and HSOJ. So we write the solubility S as 

S = HP + KiHP + (K2KiHPy/^ = bP+aP^!'^ (108) 

We rectify the equation by dividing through by 

SjP'^!'^ =a->tbP^I'^ (109) 

The form derived fits handbook data for the solubility of SO 2 in water over reasonably 

wide rdnges or over the entire reported range with an average relative error of about 
2%. The applicable range can be extended by adding a term in . The average 
relative error becomes about 0.7%. The same logic can be used to study the dissolution 
of SO 2 into alkaline solutions. Sulfite as well as bisulfite can be produced in such a 
case. The concentration of molecular SO 2 in solution will be lowered as the ionization 
equilibria are shifted to the right. The result is a lower vapor pressure above sulfite 
solutions and a reduction in emissions from their storage facilities. Johnstone, Read, and 
Blankmeyer [ 220 ] showed that the partial pressure of SO 2 above a solution with the pH 
of ordinary sodium bisulfite (4.3 at 1% concentration) is 10-12 mmHg. SO 2 pressures 
above sulfite solutions are very low. 

Thiosulfates also are sometimes used as reducing agents. They result from the 
reaction of sulfur or a polysulfide with a sulfite. Sodium thiosulfate is widely available 
in solid form, both anhydrous and as the pentahydrate (the photographer’s “hypo”). 
The pentahydrate crystallizes from solutions with concentrations between 30% and 60% 
Na 2 S 203 . The compound is quite soluble in water (33.3% at 0°C from the anhydrous 
form), and hypo dissolves in its water of hydration at 48°C. All forms are nontoxic under 
normal conditions and are used as food additives. In addition, Na 2 S 203 forms neutral 
solutions. While correspondingly easier to handle than NaHS 03 , it is normally stored in 
similar equipment. 

In the thiosulfate ion, sulfur replaces one of the sulfate oxygens [221]. The apparent 
valence of the sulfur therefore is the average of the +6 of sulfate and the —2 of sulfide, 
or +2. This would seem advantageous. In reverting to -h 6 , this sulfur should react with 
twice as much chlorine as does the +4 form. The following equation shows the theoretical 
advantage of thiosulfate, where 1 mol accounts for 4 mol of hypochlorite: 

+ 4ocr + 20 H- -> 2 so^- + 4cr + H 20 

The difficulty with thiosulfate is that the acid is unstable [222] and other reactions 
can occur at low pH [223]. In neutral or slightly acidic solution, the thiosulfate ion 
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decomposes to sulfur and sulfite, a reversal of its synthesis: 

S2O3 ^ S + SOT 

As a result, there are several possible reactions with chlorine. As pH increases, the 
product of the reaction may be dithionite of sulfate, with or without colloidal sulfur. The 
stoichiometry shows that the efficiency of thiosulfate as a chlorine scavenger depends 
strongly on the reaction regime: 


2 Na 2 S 203 + CI 2 Na2S406 + 2NaCl 

Na 2 S 203 + CI 2 + 2NaOH ^ Na 2 S 04 + S + 2NaCl + H 2 O 

Na 2 S 203 + 4Cl2 + lONaOH ^ 2 Na 2 S 04 + 8NaCl + 5 H 2 O 

As a result, the consumption of thiosulfate is a strong function of pH. A high pH also is 
necessary to avoid the problem of the formation of colloidal sulfur. Over the range 4-11, 
the weight consumed by destruction of one weight of chlorine is as follows [224]: 


pH 4.0 6.5 9.0 11.0 

Na 2 S 203 consumed 2.43 2.03 1.45 0.91 


This exceeds the performance of sulfite on an equal-sulfur basis only at a pH above 10.5. 
Thiosulfate also seems to react in steps and therefore more slowly [219]. 


Use of Hydrogen Peroxide, The sulfur-based reducing agents are easily handled when 
supplied in solution and are effective in their application. The inescapable problem of 
their use is the formation of sulfates. Other sections cover the problems caused by high 
sulfate in the brine and the various methods used in its control. The cost and inconvenience 
of these methods precisely measure the disadvantage of sulfur-containing compounds. 
Hydrogen peroxide is an alternative to these compounds. 

Hydrogen peroxide is one of the classical oxidizing agents, but it is weaker than 
hypochlorite and so can serve as a reducing agent in chlorinated brine. Its reaction with 
the hypochlorite ion is 


H2O2 + ocr ^ H2O + O2 + cr 

This is not a completely ionic reaction and is not as rapid as the reactions of the sulfite 
types. Some laboratory test work to determine the rate of reaction in plant brine may be 
advisable. 

The great advantage of hydrogen peroxide is that its use adds no new ions to the 
brine, and this fact has led to its use in several chlor-alkali plants. It does produce oxygen, 
mole for mole with the destruction of free chlorine, and this must be vented safely from the 
system. Furthermore, any excess peroxide is itself a contaminant. It can demonstrate its 
oxidizing power by damaging the ion-exchange resin. It is therefore necessary to remove 
this peroxide from the brine or to operate with a shortage of peroxide (i.e., an excess 
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of hypochlorite). Activated carbon will remove peroxide or hypochlorite, whichever 
is in excess, and this technique is discussed in the section on catalytic dechlorination 
(Section 7.5.9.3B). A plant known to one of the authors relied on organics present in the 
salt-dissolving system to scavenge residual peroxide. 

Mannig and Scherer [225] have discussed the role of hydrogen peroxide in the 
chlor-alkali industry, including its use in brine dechlorination. They cover handling of 
the peroxide, certain other applications such as the decolorizing of caustic soda, and the 
requirements of a dechlorination system. In particular, they comment on process control; 
this is the subject of the following subsection. 

Hydrogen peroxide is supplied as a water solution in several different concentra¬ 
tions. Anhydrous H 2 O 2 is produced but seems to be used only for rocket propulsion. At 
any concentration, peroxide can be a hazardous material. It oxidizes nearly all organic 
compounds and a large number of inorganics. The heat and gas evolved in these reactions 
are responsible for most of the damage. H 2 O 2 also decomposes slowly and spontan¬ 
eously. This decomposition is catalyzed by metal ions, rough surfaces, and alkaline 
conditions and is accelerated at high temperatures. Among the plastics, the best mater¬ 
ials of construction are high-density polyethylene (HOPE) and PTFE. Aluminum and 
some of its alloys can be used, and some suppliers of hydrogen peroxide supply standard 
tank designs. The chemical industry also frequently uses stainless steel. Types 304L 
and 316L are used, after removal of all mill scale and chemical passivation. Provision 
of relief of all confined peroxide is a vital part of design. This extends to the use of 
self-venting valves in pipelines. 

Unloading should always be by pump or by gravity. Peroxide should never be 
transferred by pressurization with a gas. It should be handled in dedicated equipment 
and protected against contamination by foreign materials. Spills should be confined and 
promptly diluted. 

Storage practice is extremely important. All surfaces catalyze decomposition, and 
so the vessel must be clean and smooth. Cast equipment should therefore be avoided 
where possible. Pumps, piping, and valves are more likely to cause decomposition, 
and venting is especially important in their design. Among the plastics, HDPE and 
PTFE are preferred and rigid PVC is also an occasional choice. Plasticized materials 
are not as good. HDPE is the usual recommendation. Even this is subject to stress 
corrosion, and so it has a limited life. With proper maintenance, it can still be an economic 
choice. Crosslinked material gives longer service, and UV stabilizers are essential in 
outdoor service (hydrogen peroxide should never be stored in bulk indoors). High-purity 
aluminum and the recommended stainless steels, when passivated, should last 30 years 
or more [226]. 

Storage should always be at atmospheric pressure, in tanks equipped with relief 
valves in addition to continuous vents. Location is important; it should be chosen to 
minimize the probability of contact with oxidizable or alkaline materials. Peroxide should 
not share dikes or impoundment areas with incompatible materials. 

While it is hazardous, hydrogen peroxide is a successful product of commerce, and 
there are techniques for coping with the hazards [227]. Many of the safety practices 
recommended for peroxide apply to other hazardous materials as well. These recom¬ 
mendations are more emphatic than usual in the case of hydrogen peroxide and extend 
to greater involvement of the material supplier [228]. It is always advisable to obtain 
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material safety data sheets for hazardous chemicals and to consult suppliers for their 
advice. In the case of hydrogen peroxide, it is more of a necessity. The material supplier 
should inspect the facilities for unloading and storage and should review operating pro¬ 
cedures before commissioning. Part of the management of change in an existing system 
should be the supplier’s review of modifications. When peroxide is to be diluted with 
water before use, the supplier should also be asked to analyze or test a representative 
sample of the water. 

Concentrated solutions have the obvious economic advantage of reducing shipping 
costs and storage volumes, and 70% H 2 O 2 is a popular commercial strength. The hazards 
of hydrogen peroxide, however, are aggravated at high concentrations. Below 45%, 
the problems of reactivity and sensitivity are much relieved. With the small quantities 
required by most brine dechlorination applications, freight costs are not a major item on 
the cost sheet, and designers should consider the inherent safety of lower concentrations. 

Because of its instability, hydrogen peroxide is often supplied with a stabilizer. 
This must be identified and checked for compatibility in the process before the peroxide 
is used. 


Process Control Along with selection of a chemical reducing agent and design of a 
system for receiving and storing it comes the problem of control of the rate of its transfer 
into the process. In the field of water treatment, it has been common to overfeed reducing 
agent to a dechlorination system in order to ensure completion of the reaction [229], The 
same reference describes the successful use of a more effective control system based on 
monitoring of the ORP (or redox potential). This is the usual approach in the chlor-alkali 
industry. 

The reversible potential for an oxidation-reduction reaction depends on the ratio of 
the activities of the oxidized and reduced states of a substance undergoing reaction. If 
the reduced state Red is converted to the oxidized state Ox, the potential will differ from 
the standard electrode potential by a quantity proportional to the logarithm of the ratio 
of the activities of the two states: 

E = E^ + {RT/nF) ln([Ox]/[Red]) (110) 


where 

E = electrode potential, V 
= standard electrode potential, V 
R = gas constant 
T = temperature, K 
n = number of electrons transferred 
F = Faraday constant 

[Ox], [Red] = activities of oxidized and reduced states 

As the ratio of the two states changes, so does the electrode potential. Using an electrode 
similar to a pH probe, one can measure this potential and, with calibration, relate it to 
the ratio of, say, sulfate to sulfite ion. A high ratio will produce a high potential and 
indicate that all the sulfite has been consumed. A low ratio (low potential) corresponds 
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to a high residual concentration of sulfite. This indicates excessive feed of the reducing 
agent, and the controller will reduce the feed rate. 

The active electrode normally is a band of platinum. The reference electrode is 
Ag/AgCl in a potassium chloride medium. The logarithmic form of Eq. (110) contin¬ 
ues the analogy to pH measurement. The voltage will respond very sharply to small 
changes in reactant ratio near the equivalence point. Controlling a system precisely at 
the equivalence point can be compared to controlling a neutralization process at pH 7. 
Fortunately, we usually intend to operate with a certain excess of one of the reactants, 
where the response is less dramatic and the dynamics of control more favorable. 

The maintenance requirements of an ORP-measuring system also mimic the pH 
system. Electrodes require the same sort of care, never being allowed to dry out and 
being recalibrated with some frequency. Spare calibrated electrodes should always be 
available, and the use of dual electrodes is not uncommon. 

The system described by Martin and Kiser [229], as well as many of those in chlorine 
plants that are based on sulfites, is a simple in-line addition with nearby downstream 
measurement. This requires good mixing and rapid reaction for its success. As pointed out 
above, hydrogen peroxide may not react so rapidly, and some lag time may be necessary. 
Mannig and Scherer [225] described such a control system and presented their data on 
redox potential as a function of pH at two different concentrations of NaOCl (Fig. 7.102). 
At pH 10, the presence of 10 ppm of NaOCl shifted the potential 400 mV. This is enough 
to provide close control of the process. O’Brien [208] described a system in which the 
controller was arranged as above, with measurement close to the addition point. This 
was done to avoid problems with dead time in the control loop. The controller then 
could be reset from an ORP measurement made sufficiently far downstream that the 
completion of the reaction could safely be assumed. The need for such an elaboration 
should be determined by tests on plant brine when possible. In wastewater applications, it 
is common to use this technique with 15-30 min retention between the peroxide addition 
point and the control measurement [230]. 

The dependence of ORP on pH must not be overlooked. A swing of one unit in pH, 
according to Fig. 7.102, can change the potential at the equivalence point by 100 mV. 



FIGURE 7.102. H202/Na0Cl redox potential. 
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This is equivalent to ±2.5 ppm of NaOCl. Since the pH must also be adjusted after acid 
dechlorination, instrument engineers must ensure that the two control systems (pH and 
ORP) are not in conflict. 


7.5.9.3B. Catalytic Decomposition, 

Activated Carbon. As a special category of catalytic decomposition of species of free 
chlorine, we include chemisorption on activated carbon. Beds of granular activated car¬ 
bon have long been used to dechlorinate water after its purification [231-233]. Because 
of its tendency to form surface oxides, activated carbon has the ability to abstract the 
oxygen generated by hydrolysis of chlorine. As an example, the reaction of HOCl can 
be written as: 


C* ± HOCl ^ C*0 ± HCl (111) 

where C* represents an active site and C*0 a surface oxide [234]. Kinetic studies of the 
reaction showed that the process has an activation energy of about 10.5 kcal mol”' and 
that it is favored by low pH [235]. The pH effect is attributed to the most reactive species 
being HOCl, which predominates at low pH (~4). 

The grade of carbon is an important variable. Coal- or coconut-shell types usually 
are preferred, with structures that are predominantly micropores and with surface areas 
of 700-1,2(X) m^ g~'. Mean particle diameters are 1-2 mm. The various grades are rated 
by a dechlorination half-value test (DIN 19603). This determines the depth of the carbon 
bed that will remove half the chlorine from a flowing stream under standard test condi¬ 
tions. The standard test is performed on chlorinated water, and one must remember that 
the reaction is slower in brine than it is in water. It is best to base designs on experience 
or on data produced by the carbon supplier at the temperature and pH of interest. 

Attractive features of a fixed bed of carbon are its lack of moving parts and the fact 
that during most of the operating cycle there is a substantial excess of carbon available, 
in the form of the unused bed. It is a more forgiving process to fluctuations in flows or 
operating conditions and can handle the occasional minor upset in the concentration of 
chlorine in the feed brine. 

If the process stopped with reaction (111), a mole of carbon would be consumed for 
every mole of free chlorine destroyed. While some sites remain oxygenated in various 
forms, there is also a spontaneous partial regeneration whose stoichiometry is: 

2C*0^C*±C02 (112) 

This cuts the rate of utilization of carbon in half, but the unregenerated carbon is truly 
consumed, and the theoretical life of a bed is still limited. The practical limitation is 
the gradual breakdown of the particles, which leads to disruption of the bed and high 
pressure drop. A conservative estimate of the capacity of a bed is the removal of 2 g Cl 2 /g 
carbon, which is only one third of the stoichiometric quantity implied by Eq. (111). 

Low pH improves the kinetics of the reaction but also has its disadvantages. Chief 
among these probably is the fact that, under such conditions, carbon can catalyze the 
decomposition of chlorates. The resulting formation of gas and degradation of the carbon 
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can make the process inoperable. It is better to accept the lower rates of reaction and 
design the system to operate on alkaline brine. 

Some large water-treatment plants use upflow beds, in pulsed or moving-bed oper¬ 
ation. In chlor-alkali brine treatment, downflow fixed beds are the rule. The columns are 
pressure vessels lined with hard rubber or sometimes an epoxy resin. A pressure-vacuum 
relief valve provides over- and under-pressure protection. This is open to the vessel but 
is protected from accumulations of particles by using a penetrating nozzle covered by a 
screen. Design principles are similar to those applied to packed bed filters or brine sys¬ 
tem ion exchangers; flow distributors and underdrains resemble those found in standard 
media filters [208]. The carbon is supported on a porous metal plate or screen. Dechlor- 
inated brine flows out of the bottom of the vessel. Backwash enters at the bottom, usually 
through the nozzle used for brine discharge. The support assembly must be able to pass 
forward flow of brine and backward flow of wash water without excessive pressure drop 
or mechanical damage. The pressure drop through the bed depends on flow rate, solid 
particle size, operating temperature, and the degree of fouling of the bed. Fouling can 
take the form of accumulation of fine particles caused by the gradual consumption of 
the carbon. Flow velocities range from 5 to about 25 m hr” ^ and depend on the grade of 
carbon selected. Pressure drop depends also on the grade of carbon, particle size being 
the major determinant. 

Backwashing relieves the pressure drop by regrading the bed and sweeping away 
some of the finer particles. It is usually scheduled when the pressure drop reaches 2 kPa, 
and it should expand the bed by 20-40%. As is the case with filter or ion-exchange 
beds, the properties of the backwash fluid are important. Brine will have more lifting 
force than water, and an increase of 5°C in the temperature of the fluid can increase the 
amount of expansion by 20%. Backwashing requires only a few minutes and is usually 
necessary every week or two. It may be on a scheduled basis, or it may become necessary 
because of increased pressure drop or reduced effluent quality. With such a high on-line 
factor, it is not always necessary to provide multiple beds, as was the case with media 
filters and ion-exchange colunms. With sufficient brine storage capacity, a single carbon 
bed could be taken off line, backwashed, and returned to service without disrupting the 
process. 

If a system is designed in this way, some thought should be given to methods for 
removal of exhausted carbon from the vessel. If a connection is provided near the bed 
support plate, most of the carbon can be removed quickly and easily by flushing it out 
with water. There should be a space near the column where a portable container can 
be placed to catch the carbon. The new charge can then be loaded hydraulically. The 
best procedure will depend on the grade of carbon selected and so should be determined 
by the vendor. While some of the used carbon may remain in the vessel, a turnaround 
takes only a few hours. More elaborate and thorough procedures can be reserved for a 
scheduled plant shutdown. 


Metal Catalysts. The goal in catalytic dechlorination of brine is the deoxygenation of 
the hypochlorite ion: 


2ocr ^02 + 2cr 
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This reaction occurs slowly and spontaneously. Metals such as iron, cobalt, and nickel 
and their salts act as catalysts, and these are applied in various ways. Dissolved salts are 
used in treatment of some wastes, but they are not appropriate in process brine streams. 
We shall restrict this discussion to heterogeneous catalysis, where metals or salts are 
used in suspension and in fixed beds. The former again is of more interest in treatment 
of plant wastes. 

We turn then to fixed-bed applications. Caldwell [236] and Hodges [237] described 
work with different cobalt formulations, but these are not now available commercially. 
A later development is a promoted nickel oxide catalyst on alumina substrate [238,239]. 
This was developed with destruction of strong hypochlorite solutions in mind and so is 
stable only under alkaline conditions. It is best applied to brine after it has been returned 
to alkaline pH and before resaturation. 

Commercial installations of this catalyst employ a unique reactor design. An 
unavoidable problem with destruction of hypochlorite in a fixed bed is the release of 
the oxygen that is generated. In a downflow reactor, oxygen gas opposes flow of the 
liquid. This increases pressure drop and tends to circulate treated liquor back toward the 
top of the bed, where it dilutes the concentration of hypochlorite in the feed liquor and 
reduces the rate of dechlorination. In an upflow reactor, oxygen carries liquor through 
the bed. This bypassing reduces contact time of some of the liquid and reduces the 
conversion of hypo. To avoid these problems, the Hydecaf^^ reactor (Fig 7.103) uses 
a number of short packed sections. The liquor flows through these in series by gravity. 
From the bottom of one bed, it flows up through a riser to the top of the (shorter) next 
bed. In the treatment of strong hypochlorite solutions (e.g., vent scrubber waste), where 
99.99% removal is the goal, liquid space velocities are 0.2-1 hr“^ Stitt et al [239] point 
out that the cost of chemical treatment is proportional to the quantity of hypochlorite to 
be removed, while the cost of catalysis is a function of the desired fractional conversion. 
Thus, the cost of chemical treatment will be 


f^chem — Qi^in 


f^out) 


(113) 


Feed 



FIGURE 7.103. Proprietary system for catalytic destruction of hypochlorite. 
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where 

Q = volumetric flow rate 
Cin = hypochlorite concentration in feed 
Cout = hypochlorite concentration after treatment 
ki = proportionality constant 

The cost of catalytic destruction, for a first-order process, will be 

Teat = fag ln(Cin/Cout) (114) 

Chemical treatment is favored when a high degree of conversion is needed, or when 
Cout must be very low. Catalytic destruction becomes more practical when Cin is high. 
The process described is therefore used most often with strong waste solutions. It is also 
possible to optimize a process by using some combination of catalytic and chemical 
methods [239]. 

7.5.9.4. Chlorate Control Section 6.5 showed that chlorate is one of the impurities 
formed on the anode side of the electrolyzers as a result of back-migration of hydroxyl 
ions from the catholyte. Hypochlorite forms by reaction of chlorine with these ions and 
then disproportionates to chloride and chlorate. In diaphragm-cell operation, the chlorate 
accompanies the rest of the anolyte into the cathode chambers and then leaves as part of 
the cell liquor. The chlorate eventually leaves the plant along with the evaporated caustic 
solution. In membrane or mercury cells, there is no similar purge, and so the chlorate can 
accumulate in the circulating brine. The situation is analogous to the sulfate problem. If 
allowed to accumulate in the brine system, chlorate can affect the solubility of the base 
salt. It can also act as an oxidant of the ion-exchange resin in a membrane-cell plant and 
present a hazard during regeneration of the resin. Finally, it is a contaminant in the product 
caustic and a source of corrosion [240]. Process factors limiting chlorate concentration 
are the inevitable small purge from the brine system and the slow decomposition of 
chlorate that always takes place. However, unless all the chlorate produced is decomposed 
or removed somehow, its concentration will eventually exceed the specification. 

The quantities of chlorate produced are not great. The rate of formation of sodium 
chlorate in most membrane electrolyzers is of the order of 1 or 2 kg of NaClOs per ton of 
chlorine produced. Allowable concentrations are above 10 gpl NaClOs. The specification 
then usually can be met by purging a small part of the total brine flow, and this is a popular 
method. Most plants that purge brine in order to control the sulfate concentration have 
incidentally avoided a chlorate-accumulation problem. 

The actual rate of production of chlorate in a cell, while small, is quite variable. It 
depends on the current efficiency, the oxygen overvoltage of the anodes, and the degree 
of alkalinity or acidity of the feed brine. Therefore, an operator can have some influence 
on the rate of formation of chlorate, and this is the first line of defense against excessive 
accumulation: 

1. Higher current efficiencies mean less production of all unintended byproducts, 
including chlorate. Maintaining the proper membrane environment at all 
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times and not allowing excessive deterioration will keep the current 
efficiency high. 

2. At given anolyte conditions, a lower oxygen overvoltage results in less pro¬ 
duction of chlorate. The oxygen overvoltage changes along with the type of 
coating. This does not change the current efficiency of the cells but redistributes 
the products of inefficiencies. Formation of less chlorate by this method means 
formation of more oxygen. The technique therefore is not useful when oxygen 
is regarded as a more serious problem than chlorate. 

3. A primary objective of deep acidification of the anolyte is reduction of the oxygen 
content of the chlorine gas. Since it does this by reducing the availability of 
hydroxyl ion in the anolyte, it also reduces the rate of production of chlorate. 

When attempts to control the formation of chlorate are not totally successful and a 
brine purge of the required size is undesirable, decomposition of chlorate ions by some 
means is necessary. It is then important to remember that only a small fraction of the 
chlorate present in the brine need be destroyed on each pass. This fact suggests three 
possible approaches: 

1. low-intensity treatment of the entire depleted brine stream; 

2. higher intensity treatment of a portion of the stream; 

3. intermittent treatment, batch or semi-continuous, of some of the brine. 

The second and third of these are the most frequent choices. A viable and common 
method of operation is to begin treatment to remove chlorate when the concentration 
is high. When the concentration reaches some selected low level, treatment stops. The 
chlorate concentration then increases slowly, and when it reaches a certain point, a new 
treatment campaign begins. Some operators favor this method, which does not require 
strict control at all times. This may be due to the typical unit’s having substantial excess 
capacity. 

The two subsections that follow describe several methods for reduction of chlor¬ 
ate ions to produce chlorine or innocuous chloride ions. The text assumes continuous 
operation. The first subsection deals with reduction by acidification of the brine. The 
second deals with other methods, including ionic reaction with a reducing agent, catalytic 
hydrogenation, and electrochemical reduction. 


7.5.9.4A. Destruction with Hydrochloric Acid. Destruction of chlorate usually takes 
place in the recycle brine, where it is treated with HCl at elevated temperature (>80'^C). 
The valency of chlorine in the chlorate ion is -f-5. This explains the high oxidizing capacity 
of chlorate solutions, and it requires the oxidation of five chloride ions to produce CI 2 . 
Chlorate therefore decomposes in acidic solution according to 

CIOJ + 6H+ + 5 Cr ^ 3 H 2 O + 3Cl2 (115) 

When sodium salts are involved, the stoichiometry becomes 


NaClOa + 6HC1 ^ NaCl + 3 H 2 O + 3 CI 2 


(116) 
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Some decomposition of chlorate occurs whenever HCl is present in one of its solutions. 
Indeed, a small amount of decomposition takes place in the depleted brine when it is 
acidified to promote its dechlorination (Section 7.5.9.2). This mild treatment usually 
does not remove enough chlorate, and more vigorous treatment at higher temperature 
and HCl concentration becomes necessary. 

We consider instead the continuous treatment of a sidestream of the brine. The most 
efficient process configuration couples the destruction of chlorate with dechlorination of 
the depleted brine. The excess HCl in the destruction reactor then becomes part of the 
total acid addition to the dechlorination process. Figure 7.104 is an illustration. In part 
(a), the base case, there is no deliberate destruction of chlorate. The acid produces a pH 
low enough to reverse the hydrolysis of dissolved chlorine by decomposing HOC!: 

HOCl + HCl -> H 2 O + CI 2 (117) 

In part (b) of the drawing, the sidestream that is to be treated for removal of chlorate 
goes to a separate vessel. Some of the HCl to be used for acidification of the depleted 
brine is added to the sidestream, whose pH should be reduced to about one. The drawing 


(3) Depleted 



Depleted 

Brine 



Removal 

FIGURE 7.104. Treatment of sidestream for removal of chlorate, (a) Normal depleted brine flow pattern, and 
(b) Incorporation of chlorate destruction loop. 
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shows two methods (dashed lines) for withdrawal of the sidestream. In one, the depleted 
brine flow is split before acidification. Planning for a given excess of acid in the chlorate 
destruction reactor then should take into account the consumption of acid in the dechlor¬ 
ination reaction (117) as well as in the destruction reaction (115). The other method is 
more useful if acidification takes place in a tank that collects a gravity flow of depleted 
brine from the cells. The sidestream then is drawn or pumped from the main tank, from 
which the full combined stream goes off to the dechlorination column. In the end, the 
acid requirement of part (b) is greater than that of part (a) only by the small amount 
consumed in reaction (115). 

The duty of the destruction reactor is to remove chlorate at the rate at which it forms 
in the cells. The required degree of conversion of chlorate and the volume of solution to 
be treated therefore are inversely related. The size of the reactor required is reduced by 
increasing the size of the sidestream while reducing its residence time in the reactor. This 
effect is limited by the practical problems of mixing the brine and preventing bypassing 
in the reactor, but more fundamentally by the acid balance. A low pH (~ 1) favors reaction 
(115), while dechlorination of brine is typically run at pH ^ 2. A large sidestream would 
require more acid than is necessary for dechlorination of all the depleted brine. A good 
practical compromise is to add a major part of the dechlorination acid to the sidestream. 
This stream therefore is at lower pH, and it can be heated and detained as necessary 
to remove all the chlorate formed in the previous pass through the cells. Figure 7.105 
shows a schematic flowsheet with indicative control system. 

Heating steam usually is not applied to a jacket on the vessel (which therefore can 
be non-metallic). It is possible to inject it directly into the liquid or through a sparger. 
Depending on the available steam pressure, it is also possible to provide some liquid 



FIGURE 7.105. Flow diagram—destruction of chlorate by HCl. 
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circulation by means of an ejector (as shown). Failing this, a pump can provide circulation 
and an external exchanger the heat. Control of the brine flow through the system must 
be coordinated with surrounding processes. Here, it enters the tank under level control 
and leaves under flow control. Conceptually at least, the opposite arrangement also is 
useful. In the drawing, the flow of brine to the tank also is measured, in order to allow 
acid feed under flow ratio control. 

Many plants practice this technology in some form. There are numerous references 
to its use in the literature, usually with few accompanying data. Mayo [2411 describes 
a commercial operation and also points out that reaction of chlorate with acid under 
reducing conditions is the process used for manufacture of chlorine dioxide. While the 
composition of anolyte does not favor this reaction, perhaps 2-3% of the gas formed 
under some plant conditions is CIO2. The reaction involved is 

C10“ + 2H+ + cr ^ H2O + CIO2 + 5CI2 (118) 

Chlorine dioxide is a highly reactive and dangerous material. One of the goals in process 
design therefore should be the minimization of CIO2 formation. 

Both decomposition reactions involve CIO^, H“*", and Cl”. The concentrations of 
these species and the temperature of the reaction are the important variables that influence 
the rates of both reactions. Rodermund [242] showed the effects of operating variables 
on the selectivity of the process. Chlorine formation by reaction (115) rather than by 
reaction (118) is favored by 

1. higher temperature: 

at 0.05M NaClOs, 2.6M HCl, and 4.6M NaCl, selectivities were 51% at 40°C, 
62% at 60°C, and 81% at 90^C 

2. lower chlorate concentration: 

at 80°C, 2M NaCl, and 2.5-3M HCl, selectivities were 73% at 0.06M NaClOs, 
79% at 0.04M, and 87% at 0.02M 

3. lower acid concentration (weak effect): 

at 80°C, 2M NaCl, and 0.05M NaClOs, selectivities were 79% at ~1.45M HCl, 
78% at ~1.6M, and 76% at 2.5-3M 

4. higher salt concentration (weak and mixed effect): 

at 80°C and 0.05M NaClOa, chloride concentration had little effect when the 
HCl concentration was 2M. At lower acid concentration, selectivity declined 
with higher salt concentrations. At higher acid concentrations, which are desir¬ 
able for their effect on productivity, the selectivity improved slightly as NaCl 
concentration increased. At 3M HCl, for example, the selectivity was 73.3% at 
3M NaCl, 74.1% at 4M, and 75.5% at 5M. 

Selectivity (5) is defined here as the fraction of decomposed chlorate that follows reaction 
(115). The mole fraction of chlorine in the dry products of decomposition is then (1 -h 
5.S)/(3 + 35). A selectivity of 90% therefore corresponds to a 96.5% yield of chlorine. 

Clearly desirable are: 

1. high acid concentration, for higher reaction rates, but limited by demand of 
dechlorination process for acid; 
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2, low chlorate concentration, for higher selectivity for chlorine formation; 

3. high temperature, for both effects. 

A high chloride concentration generally is more desirable than reaction in a dilute solu¬ 
tion. This is fortuitous because even the depleted brine concentration is rather high, 
and this is not a variable that one would choose to manipulate within the process. The 
tabulation above shows that the effect of increasing the chloride concentration above 
3M is rather small. Other variables are more influential, and thus treatment of depleted 
brine is more common than treatment of concentrated brine because it is more efficiently 
integrated with the rest of the process. 

Operating at high acid and low chlorate concentration (points #1 and #2) will reduce 
the fractional conversion of HCl, but within the acid requirements of a process integrated 
with brine dechlorination this is not a serious disadvantage. One first determines how 
much acid is required for brine dechlorination and chlorate destruction and then decides 
how to divide that acid between the two processes. Excess acid not consumed in the 
destruction reactor returns to the main brine loop, at the dechlorination reactor, along 
with the chlorate-depleted brine. This is not necessarily wasteful of acid. The amount 
actually consumed is fixed by the rate of generation of chlorate and by Eq. (115). The 
use of a large excess of acid produces a very low standing concentration of chlorate in 
the brine. This has no disadvantages in cell chemistry, and it makes possible the use 
of smaller destruction reactors. Oversizing of a reactor can limit the magnitude of the 
excess concentration of HCl and so reduce selectivity. 

Chlorate removal in general and acidic decomposition in particular are forgiving 
processes. Underfeeding of acid, for example, results in an increase in chlorate con¬ 
centration. With normal operation well within the specification, the change in average 
concentration in the brine loop will be very slow, and there will be ample time for cor¬ 
rection. Overfeeding of acid is wasteful and also consumes more neutralizing caustic, 
but it is not dangerous, at least within the ability of the chlorate and chlorine removal 
systems to resist corrosion. 

As is the case with chlorate itself, destruction of CIO 2 is an alternative or backup 
to the steps taken to avoid its formation. Thermal decomposition is a simple technique 
that has proved successful [241,242]. Heating the offgas to 100°C in a small tube packed 
with Raschig rings for a few minutes removes essentially all the CIO 2 . A pipeline reactor 
can be part of the transfer line and take up very little extra space in the plant. 


7.5.9.4B. Other Methods. Other methods that may be useful for the removal of chlorate 
include chemical reduction, hydrogenation, and electrolysis. 

Chemical reduction can involve the same types of agent used to reduce dissolved 
chlorine [243]. Section 7.5.9.3 A mentioned the use of sulfur-based reducing agents and 
hydrogen peroxide to reduce active chlorine. Using bisulfite as an example of the former, 
here we have the reaction 


CIOJ -h 3HSO^ ^ Cr -h 3HSOJ (119) 

This reaction occurs only at pH < 5. It is rapid at pH 1-3 and 50-55®C, giving up to 96% 
removal of chlorate. The reaction is exothermic, and heats of formation indicate that the 
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removal of 1 gpl of NaClOs should raise the temperature of the brine about 2®C. While 
it is a simple technique and easily applied, this reaction has the disadvantage of a sulfate 
byproduct. One part of NaClOa reduced in this way would produce the equivalent of four 
parts of Na 2 S 04 . The chlorate problem is simply transformed into a sulfate problem, 
which may be more harmful. This approach still may be useful when a sulfate removal 
system already is available, particularly when the operating cost is less than proportional 
to the sulfate burden. 

Chlorate also is reduced by hydrogen peroxide. As is also true in chemical reduction 
of chlorine, this process leaves no soluble impurity: 


CIOJ + 3 H 2 O 2 Cr + 3 H 2 O + 3 O 2 (120) 


Users of this process must take measures to avoid the accumulation of a dangerous oxygen 
atmosphere. The net heat effect is only about one-third as great as in reaction (119). 

Since the key to destruction of chlorate is reduction of the chlorine from its +5 
valence, hydrogenation suggests itself as another approach [194]. The reaction is quite 
simply 


ci03^ -h 3H2 ^ cr -h 3H2O 


( 121 ) 


The heat of this reaction is about the same as that of reaction (119). Vaporization of water 
into the excess hydrogen used in the process dissipates some of the heat generated by the 
reaction. The net effect on the brine temperature thus depends on how much hydrogen 
is consumed by a unit volume of brine. 

Pilot-plant results using a precious-metal catalyst show reductions of the NaClOs 
level in brine from an irregular 5 gpl to 1 gpl or less [194]. The process involves prelimin¬ 
ary saturation of the brine under hydrogen pressure followed by passage with additional 
hydrogen gas through a trickle-bed reactor packed with the catalyst. While there is little 
commercial experience reported, this process has the advantage of not affecting the acid 
balance in the brine. The 80“^% conversion referred to above, if sustainable over time, 
would allow control of the chlorate level by treatment of only a small fraction of the 
circulating brine. 

Another technique investigated in the laboratory [244] is the electrochemical reduc¬ 
tion of chlorate from acidic (pH 2) solution using high surface area catalyzed 
cathodes and oxygen-evolving DSA anodes. Chlorate is reduced at the cathode under 
mass-transfer-controlled conditions according to 


C10“ + 6H+ + 6e -> cr + 3 H 2 O 


( 122 ) 


The current efficiency for this scheme is about 85% at an apparent current density of 
about 2 mA cm“^ in laboratory cells. This is a clean process that has lowered the chlorate 
level from 3.6 to 0.01 gL“^ The process seems to have economic potential but has not 
been optimized for commercial application. 
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The anolyte in such a cell might be a solution of Na 2 S 04 or NaOH. The anode 
reaction is 


3 H 2 O ^ |02 + bH"*" + 6e (neutral; acidic) (123) 

or 

6 OH-^ §02 + 3 H 2 O + 6e (alkaline) (124) 


The overall reaction is 


C1O3 cr + §02 

With sulfate solution as the anolyte, the current-carrying ion is H"*". This passes through 
the membrane to replace the H"*" consumed by reaction (122). Since the current efficiency 
is less than 100%, there is a net accumulation of acid in the anolyte. When NaOH is used, 
sodium ions carry the current. This combined with reaction (124) constantly depletes 
the anolyte. 
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Cell-Room Design 


8.1. INTRODUCTION 

In their design and construction, electrochemical plants differ from ordinary chemical 
plants in several ways: 

1. by the major importance of electrical supply and its conversion to direct current; 

2. by the fact that the electrolyzers and the fluids they contain are parts of electrical 
circuits; 

3. by the unique considerations that apply to the electrolysis area. 

Bihary [1] lists the principal factors that must be considered in order to arrive at a safe 
and efficient cell-room design: 

General design parameters 
Location of cell room 
Wind direction 
Cell line and cell room exits 
Defined cell line working zone 
Instrumentation 

Process indicators and alarms 
Automatic rectifier trips 
Manual rectifier stop-buttons 
Circuit neutral point detection and alarm 
Equipment and Systems 

Emergency safety equipment 
Communications system 
Fire-fighting equipment 
Eye wash stations and safety showers 
Advisory signs 

Thermal and electrical insulation and guards 
Grounding electrodes in process streams 
Personal protective equipment 
Boot and glove testing 
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Procedures 

Defined operating and maintenance procedures 

Extensive training 

Guidelines for work inside cell line. 

While this list does not include ergonomics as a separate item, such considerations are 
shown to affect all parts of design. 

Safety systems and protective equipment are covered in Chapter 16. The present 
chapter discusses buildings, electrical systems, piping, control systems, auxiliaries such 
as the equipment used to transport electrolyzers and their components, and the hazards 
associated with cell rooms. 


8.2. BUILDING CONSIDERATIONS 

First we consider the installation and housing of electrolyzers. We address very briefly 
the comparative advantages of indoor and outdoor installation of electrolyzers and then 
turn to the characteristics of buildings and the arrangements appropriate to the various 
types of cell. A description of some of the design considerations of the cell line working 
zone, especially those related to electrical safety, follows. Building ventilation is then 
considered separately, with mercury-cell installations as a special case. 


8.2.1. Outdoor V5 Indoor Installation 

The natural inclination to refer to an electrolyzer installation as a “cell room” reflects the 
fact that most cells are located inside buildings. There are advantages to locating cells 
outdoors, however. Besides the obviously lower cost, these include greater opportunities 
for emergency escape from the area, the dissipation of minor releases of gas, and the 
cooler temperatures that result from unconfined ventilation. Outdoor construction makes 
it easier to limit ceiling concentrations of chlorine vapor and to reduce worker heat 
stress [2]. 

The chief problem with outdoor installation is the exposure to weather, especially in 
a cold climate. A building not only protects workers from exposure to the weather, it also 
shields equipment from sun, rain and snow (with their thermal shock), sand and dust 
storms, and corrosion. The protection offered by a building slows the natural process of 
deterioration of system components and helps to avoid foreign deposits that can allow 
short-circuiting of cell connections. 

Diaphragm cells are the most amenable to outdoor installation. They have a high 
ratio of liquid mass to exposed surface area. This and the use of nonmetallic cell covers, 
and sometimes non-metallic bodies, make them less susceptible to thermal shock. At 
the same time, the electrode connections are more massive and less likely to be short- 
circuited by atmospheric deposits. 


8.2.2. Electrolyzer and Building A rrangements 

A “building” may be anything from a substantial structure with four full walls and a roof 
to something little more than a lean-to that provides some measure of protection from 
sun and rain. 
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In a building, floors should be designed for easy drainage of spills and wash water. 
They can be sloped and provided with drainage channels. Floor slopes (>2%) are greater 
than in ordinary process building design. Impervious coatings with good chemical res¬ 
istance are recommended. Many plants use epoxies, silicones, or organic drying oils. 
Epoxy screeds, 3-6 mm thick, afford extra protection where traffic is heavy. A recent 
alternative, especially useful in sumps and trenches, is thermoplastic sheet stock attached 
to the concrete. For good service, this requires welded seams and spark testing for faults. 

Concrete should not be relied upon as an electrical insulator. Reinforcing bars should 
be coated with, for example, epoxy resin. They should not be connected to building steel 
and should not be allowed to form a continuous path along the length or the width of the 
building. The joints between sections of precast reinforced concrete should be insulated. 

Walls should be nonconductive and located to allow safe access to cell lines. If main¬ 
tenance must be performed between the cells and a wall, clearances must be adequate 
and most of the provisions that apply between rows of cells also apply here. Grounded 
conductive columns must be placed far enough from anything attached to a live cir¬ 
cuit to prevent simultaneous contact by a person, or they must be covered with good, 
impact-resistant insulators to a sufficient height (about 2.5 m above the floor or platform 
level). In many cases, full walls are not provided, but partial sidewalls give some weather 
protection at the operating level. 

Structural steel requires protection from corrosion. Standard primers covered 
by polyamide or amine-cured paints are frequently used. Walkways should be 
nonconductive and not slippery. Fiber reinforced plastic (FRP) grating is a standard here. 

Electrolyzers may be elevated or installed at grade. Diaphragm cells, with their 
large and deep masses of contained electrolytes, are very heavy, and their weight must 
be supported over a relatively small area. They are always installed at grade, perhaps 
supported on concrete plinths. It is customary to install mercury cells in an elevated 
structure. Switches and decomposers then can project or be located below the cells. 
Membrane cells are an intermediate case, and both arrangements exist. The more com¬ 
plex arrangement of intercell conductors and switching connections sometimes accounts 
for the installation of monopolar membrane electrolyzers at an elevation. There may be 
other considerations as well, and the relatively light weights of some membrane elec¬ 
trolyzers then make it easier to install them on an elevated structure. The ability to 
provide gravity rundown of electrolytes into collecting tanks without digging pits is one 
such consideration. This proved especially valuable in a plant on estuarial water with an 
inefficient sewer system that backed up during every high tide. 

A cell room roof should not prevent the escape of vented hydrogen from the area. 
In an enclosed building, the roof is usually designed to provide gravity (natural draft) 
ventilation of the whole cell room (Section 8.2.3), incidentally providing a solution to 
this problem. The possible presence of hydrogen is an important consideration in the 
electrical rating and design of the building (Section 8.5.1.1). 

Since the cell room is a likely source of chlorine release, it should be located with 
due regard to prevailing winds and ground-level wind patterns. The building and the 
cell lines both must have efficient escape routes and easy access to a safe haven where 
personnel are protected from emissions. 


8.2.2.1. Diaphragm Cells. Diaphragm cells, as noted above, are installed at grade. The 
need for access to remove and install intercell conductors determines the spacing between 
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FIGURE 8.1. General arrangement—diaphragm cells. 


cells. The usual piping header arrangement has the chlorine and hydrogen overhead and 
the brine and catholyte (or cell liquor) below. Operator access to two rows of cells is 
by a raised central walkway, and the header piping runs above and below this walkway. 
Figure 8.1 shows a typical arrangement. 

It is possible to run one header for each service to cover both rows of cells. It is 
common practice to do this for the gases. A frequent variation, included in Fig. 8.1, is to 
run two separate hydrogen headers (usually carbon steel), which can serve as structural 
supports for the saddles that hold a single chlorine header (usually FRP). Liquid headers 
more frequently are installed in pairs. One reason for this is the reduction of leakage 
currents, which are the topic of Section 8.3.2.2. 

Spaces between rows of cells must be wide enough for safe personnel access. The 
electrical potential between opposite cells can be quite high, and it should be impossible 
for operators to be in simultaneous contact with two of them. The minimum spacing is 
2 m; many cell rooms provide more space. The outboard side of the cell rows is used 
for handling and transportation of cells. Renewal of a cell requires isolating it from the 
circuit, removing the conductors attaching it to adjacent cells, removing it from its berth, 
and transporting it to the renewal area. The reverse operations with a rebuilt cell restore 
the circuit to operation. There must be room for a short-circuiting switch to be placed 
outside the cell line. Then the designer must supply access for a cell room crane above 
and beside the line. It is customary to move cells into and out of the renewal area on 
a simple cart that is pushed or pulled by a utility vehicle. 

The Glanor® electrolyzer is a very large bipolar diaphragm type. It has many unique 
features, and some of these are described in Section 5.4.1. The entire assembly, measuring 
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5 X 3.3 m on the base and 3.7 m high [3], is removed from its berth and transported by rail 
to the cell renewal area. These electrolyzers are installed in two different, mirror image, 
orientations. At some point in the process of removal, renewal, and reinstallation, an 
electrolyzer may have to be turned. The cell renewal area may include a roundtable at 
the end of the rail line for this purpose. 


8.22.2, Mercury Cells. Most mercury cells are monopolar, have high current capacities, 
and occupy large floor areas. Cell bases are permanently installed, along with individual 
switches between cells. Maintenance work on a cell base requires switching the cell 
from the circuit and draining the mercury. The stringent safety and hygienic precautions 
required in the latter operation are not part of the subject of building design. 

A mercury cell has a number of anodes whose length matches the width of the cell. 
These are individually supported and adjusted from above. They can be removed and 
replaced individually or in groups by an overhead crane. Space requirements between 
rows of mercury cells are similar to those that apply with diaphragm cells. In addition, 
there is a need for operator and maintenance access along the length of each cell. Most 
cell rooms have walkways along the length of the cells to provide this access. There is no 
similar requirement for maintenance access and transport beyond the cell line, because 
the cell body itself is not moved. The disadvantage corresponding to this is that the 
capacity of a cell switched out of the circuit cannot be replaced during renewal work 
other than by providing excess rectifier capacity and increasing the current density on 
the operating cells. 

Mercury cells often form a U-shaped circuit with turnaround bus at the end opposite 
the rectifiers. Because of their geometry, it is also common practice to install a single 
row of cells and to provide simple return buswork from the end of the row. 

The usual arrangement (Fig. 8.2) has the cells installed on the second level of 
a building. All piping headers and switch connections are below the cell line. This makes 
it possible to provide walkways and access above the cells for cranes and personnel. 


Ridgeline 



FIGURE 8,2, General arrangement—mercury cells. 
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In addition to piping for feed brine and the three products of electrolysis, mercury cells 
require a header for depleted brine. They may not require such wide maintenance access 
beyond the cell rows as do diaphragm cells, but there must be sufficient room for operator 
access and installation of piping at both ends. Brine and mercury flow across the long 
dimension of the cells. Feed brine enters at one end and depleted brine leaves the other. 
Amalgam enters the decomposer after separating from the depleted brine in the outlet end 
box of the electrolyzer. With some designs, a vertical decomposer and a mercury-return 
pump are located at the amalgam outlet. Other types of cell use horizontal decomposers, 
and in either case the mercury returns from the outlet end to the feed end through a conduit 
running the length of the cell on the underside. 

Into the 1960s, wood floors were commonly used in mercury cell rooms [4]. This 
would now be unacceptable. Wood absorbs mercury, preventing efficient mechanical 
cleanup and slowly releasing the metal as vapor [5]. Other aspects of building design 
should also reduce the probability of accumulation of mercury and make its removal 
easier. For example, horizontal beams can be rounded on top and rectangular trenches 
can be replaced by swales with round contours [6]. 


8,2,2 J. Membrane Cells, Membrane electrolyzers are more diverse in their design. 
Some are installed at grade and some are elevated. Some are maintained in place, and 
some are removed whole for maintenance in a central renewal area. The large bipolar 
types are those most likely to have permanently installed frames from which individual 
components or sections are removed for repair. These require shutdown of at least some 
part of the electrolyzer for replacement of components. The description of the various 
technologies in Chapter 5 shows how the issues of maintenance turnaround time and 
loss of production are addressed. Some designs require space beside the electrolyzer for 
serial handling of components; others allow the replacement of any number of single 
elements, which are essentially self-contained cells. 

Bipolar electrolyzers can be isolated from the alternating current (AC) side or by 
direct current (DC) disconnect switches and do not always require portable switches or 
jumper bus. While not strictly required, the latter may be used to allow one modular 
zone of an electrolyzer to be taken out of service while the rest stays in operation. This is 
in the interest of reducing the loss in production during replacement of cells. The large 
capacity of individual bipolar electrolyzers means that relatively few units are installed. 
Taking an entire electrolyzer out of production may cause a significant drop in output. 

Monopolar electrolyzers, as a rule, have much smaller individual capacities than the 
bipolar type. Removal of one electrolyzer from a cell line then usually has only a small 
effect on production. The increase in working amperage of the other cells required to 
offset this loss is correspondingly small. We should note that certain designs, because 
of their switching arrangements or mounting and buswork attachment, may require 
the removal of two cells or electrolyzers from the live circuit. The logic otherwise 
prevails. 

Monopolar cells require shorting switches (Section 8.4.3.1) so that individual cells 
can be removed and then replaced without shutting down their circuit. In very small 
plants, there is an argument for designing a plant without switching facilities. This saves 
not only the cost of the switch, but also of the building area required for maintenance 
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access. Along with the variety of cell designs comes a variety of switching arrangements. 
Switches may be located to the side of the cell row, as in the diaphragm-cell case, with the 
cell being raised or lowered for removal. They may also be moved by crane or transport 
vehicle into position above or below the cell line. 


8.2.2.4. Cell Line Working Zone, Operators must perform many of their routine duties 
in close proximity to the cells, and many maintenance activities also take place while 
the circuit is energized. Many ordinary design precautions do not apply inside cell 
installations. The entire line, for example, cannot be enclosed and isolated as are the 
transformers and rectifiers. This approach would trap gases and heat and make some of 
the necessary manual operations impossible. There is, instead, a collection of practices 
that apply in what is referred to as the “cell line working zone” (CLWZ). 

The CLWZ is defined in one standard [7] as “the space envelope where operation or 
maintenance is normally performed on or in the vicinity of exposed energized surfaces of 
electrolytic cell lines or their attachments.” It extends, by definition, close to 2.5 m (8 ft) 
above and below live surfaces of the cells or attachments and 1.1m (3.5 ft) horizontally 
from the envelope just defined. It is taken not to extend through walls, roofs, floors, 
partitions, or the like. 

The best designs keep electrical apparatus out of the cell line working zone whenever 
possible. Otherwise, it is possible to expose the cells to an external source of energy and 
bring them up to its voltage. Similarly, cell line voltages can be transmitted to systems 
outside the CLWZ. Mercury pumps are the prime example of equipment that, from 
a practical standpoint, must be placed within the zone. They must be attached to the 
cells or decomposers. Each pump should have an isolating transformer with a grounding 
screen between the primary and secondary windings. 

If safety showers are present within the working zone, they should be kept at least 
2 m away from cells. The showers, piping, and valves should be nonmetallic. There 
should be some means of containing the splash, and water should be drained immediately 
from the zone. 

Exposed live surfaces do not in themselves present a dangerous situation. The 
hazard is related to current flow through the body, and that is a function of the voltage 
(but not of the current) on the cell line and the resistance of the path through the body. 
The first line of defense against dangerous contact is the excellent insulating properties 
of air. Clearances provide safety, and cell-room design should provide adequate spacing 
between elements. Slipping and tripping hazards should be eliminated. The technique of 
isolation of a circuit from the ground, while successful in common AC systems, is usually 
ineffective because leakage currents through pipes, metalwork, and conductive fluids are 
great enough to provide a ground. Spills inevitably occur, and conductive liquids can 
short out insulation and provide paths to the ground even when nonmetallic pipe is in 
use. Similarly, automatic ground fault protection has limited potential. If set at a level 
low enough to protect the body, it will not be able to handle the leakage currents. 
Section 8.5.1 has more information on hazards in the working zone and the rest of the 
cell room. Section 16.4.1 discusses personal protective equipment. The Chlorine Institute 
publishes a pamphlet [8] that is a good source of information and also provides a safety 
checklist. It is not restricted to the CLWZ. 
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8.23. Building Ventilation 

The operating temperature of some electrolyzers is close to 100°C, and buswork 
temperatures are similar. The total amount of heat generated in a cell room by convection 
and radiation therefore is quite large. Besides the high temperatures of process fluids and 
equipment, the thermal hazards in the cell area may include prolonged exposure of per¬ 
sonnel to high ambient temperatures. Summertime cell room temperatures in hot climates 
can reach 50°C. This fact is a major consideration in the decision to place a cell “room” 
outdoors. When the cells are placed in a building, the heat is removed by ventilation. 

In some cases, as when a cell building is surrounded by other buildings, forced 
ventilation is necessary. In most installations, the cell building is placed to allow better 
natural ventilation. Gravity ventilation is a convenient, low-energy method for enclosed 
spaces in which there is a high rate of heat generation. In many industrial situations, 
the heat output occurs over a small area, and a localized ventilator is sufficient for 
the duty. This may be assisted by small ventilators distributed around the building. The 
situation in a chlorine cell room is different. Heat is generated essentially along the entire 
length of the building. Peaked roofs with gravity ridgeline ventilators then are common 
and provide instant identification of a cell room from outside the plant. A continuous 
ventilator running the length of the cell room is best. Desirable features are: 

1. straight-line, unimpeded air flow into ventilator 

2. top cover to shed rain and snow 

3. bird screens 

4. means to restrict flow in colder weather 

5. wind resistance to match local project criteria 

6. corrosion protection of hardware. 

Galvanized steel, FRP, carbon steel, and aluminum are the standard materials of con¬ 
struction. The metals may also be coated with a polymeric film, typically polyvinylidene 
fluoride (PVDF). Copper, stainless steel, and other alloys formulated for weather resist¬ 
ance are also used. The top cover normally is adequate only for weather protection; it 
has no structural strength and so is suspended by attachment to the ventilator sections. 
The capacity of the ventilator should be set in the early stages of plant design. This may 
be expressed as the number of air changes in a unit time or as a volumetric rate of flow, 
and it should be consistent with general project criteria while at the same time meeting 
the specific requirements of the cell area. It would be a mistake to try to generalize 
and choose an appropriate number of air changes per unit time for all cell rooms. The 
productivity of the various cell designs and the volume of building required for a given 
capacity vary far too much to allow that. 

The rating of a ventilator usually is in terms of linear exhaust velocity or air flow 
rate per square meter of ventilator area. This is a number supplied by the manufacturer. It 
depends strongly on temperatures and wind speed. A typical rate might give an upward 
air velocity of 15 m min“^. In addition to or instead of dampers in the ventilator(s), the 
walls of the building are often supplied with adjustable louvers. 

During design, calculation of the heat flux from an electrolysis unit from the laws 
of heat transfer would be an extremely difficult task. Designers therefore should rely 
on previous experience or data supplied by the cell technology supplier. In a cell room 
that is already operating, heat lost to the environment can be back-calculated from the 
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temperatures, compositions, and flowrates of the streams entering and leaving the cell 
room. Given a rate of heat generation and a design basis for the outside temperature, 
one can then calculate the air flow required to maintain a given average temperature in 
the cell room. When choosing this temperature, designers should consider the fact that 
the temperature in the working area around the cells is higher than the average. If taking 
credit for the heat removed by transfer to the environment through the building structure, 
they should also remember that the temperature at the building walls (and therefore 
the driving force for heat transfer) is lower than the average. Finally, the temperatures 
at the roof and floor levels may differ. The design engineer must consider this fact in 
setting a maximum allowable roof-line temperature. With the good practice of allowing 
an intake area at least 50% greater than the exhaust area, the temperature differential 
may be about 1°C per meter of height between the intake and ventilator throat [9]. 

Good ventilation also dissipates any release of hydrogen. Because of its great 
buoyancy, hydrogen is easily dispersed and tends not to accumulate to dangerous concen¬ 
trations at cell level. Another reason for open-roof ventilation is the removal of hydrogen 
from the cell building. Cell-room areas usually are not electrically classified, but designs 
often use special light fittings (e.g., EX(e) grade) and prohibit electrical contacts near 
the roof. 

In mercury-cell plants, the ventilating air itself can be a source of mercury emission. 
The air used to ventilate the end boxes that seal the feed and overflow at each cell is an 
especially rich source of mercury. Established practice now is to limit these flows and 
collect and treat any air that escapes the end-box system. This change alone has done 
much to reduce average air emissions. 

Treatment of the ventilation stream for the entire building is not feasible in the 
usual case of gravity ventilation. While mitigation efforts have been very successful 
when applied to other sources, there have not been the same large reductions in the 
amount of mercury released with building ventilation air. This has become the primary 
source of emissions. Section 16,5.5.2 has more details. 


8.3. ELECTRICAL SYSTEMS 

The part of the electrical supply system of direct relevance to cell-room area design is 
that involved in the provision of direct current to the cells. This section covers the trans¬ 
formers, rectifiers, and buswork that handle that duty. Transformers do not provide direct 
current (DC), but they are included because of their intimate association with rectifiers. 
The transformer-rectifier installation is usually adjacent to the cell room but in a phys¬ 
ically isolated area. Design, operation, and maintenance of these systems are all matters 
for specialists. This book does not discuss these subjects. Standard publications [10] 
cover them in detail, along with the extensive instrumentation and control systems that 
are necessary. 


8.3.1. Supply of Direct Current 

8.3.1.1. Transformers. Electricity is transmitted as alternating current (AC) largely 
because of the ease with which one can change its voltage. Transmission is most eco¬ 
nomical at high voltage, but lower voltages are more suitable for generation, distribution, 
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and use. Transformers are essentially simple devices that can change voltage from one 
level to another, up or down. They are highly reliable, and there is a tendency to install 
them and forget them. An old survey of megawatt transformers [11] showed that there 
were 76 failures per 10,000 transformer-years. Even with an average outage of 253 hr, 
the average transformer was inoperative for less than 2 hr per year. The fact that this 
is a very small number would be of little comfort to a plant facing an outage of a few 
months to rebuild a seriously damaged transformer. Transformer design and mainten¬ 
ance procedures therefore should follow the best industry recommendations (e.g,, IEEE 
Standard 242). Because of the high reliability and the high cost of toge transformers, it 
is normal practice in the chlor-alkali industry not to install major spare capacity. In other 
industries, such as aluminum smelting, the opposite holds true [12], 

Transformers depend on the phenomenon of mutual inductance. One way to produce 
a current in a conductor is to move it through a magnetic field. Varying the field around 
a stationary conductor produces the same effect. The reciprocal effect is that when an 
electric current flows, it produces a magnetic field around its conductor, and an alternating 
current produces a field of varying strength. The changing field strength then causes an 
electromotive force (emf) to be generated, or induced, in the conductor. This is the 
phenomenon of self-induction. The emf is proportional to the rate of change of the field 
strength. For practical application, forming the conductor into a coil increases the emf. 
If the flux produced by each turn in the coil cuts every other turn, the resulting emf is 
greater in proportion to the number of turns. 

If a coil such as that imagined above carries an alternating current, and if a second 
coil is placed alongside, a varying electromagnetic field is produced in the second coil 
as well as in the first. A current then flows in the second coil if it is not open-circuit. This 
is the phenomenon of mutual inductance, and it is the basis of the transformer. 

We shall call the coil to which the alternating voltage is applied the “primary” coil 
and the other coil within its magnetic field the “secondary” coil. The voltage V\ applied 
to the primary causes an exciting current Iq to flow and to produce the magnetic flux <p, 
which is proportional to the number of turns in the coil. Barring losses, the same flux is 
present in the secondary coil. The voltage produced in the secondary, V 2 , is proportional 
to its own number of turns. The basic equation for an ideal transformer becomes 


Vx/V2 = Ni/N2 (1) 

where V\ and V 2 are the applied and induced voltages, respectively and, N\ and N 2 are 
the numbers of turns on the primary and secondary coils. 

If the secondary coil is connected to a load, a current I 2 flows in the load and 
a corresponding current I\ flows in the primary coil. Since energy is conserved, the 
current transformation ratio is the inverse of the voltage transformation ratio: 


/2//1 = V1/V2 


( 2 ) 


The total supply current to the transformer is in fact /q -h /i, but /q normally is small 
enough to be ignored. 
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Practical transformers use cores with numerous steel laminations to transmit the 
magnetic field between coils. Figure 8.3 shows this schematically. Equations (1) and 
(2) are based on the ideal situation with no energy loss and no reactive impedance. 
The latter does not directly increase energy loss, but when a load current passes through 
the transformer it does result in the voltage at the output terminals being lower than the 
induced voltage V2- In the real case, there will also be resistance losses in primary and 
secondary leads and windings (copper losses) and hysteresis and eddy current losses 
in the core (iron losses). Iron losses tend to be constant at a given operating voltage, 
while copper losses vary with the square of the load current. Transformer efficiencies 
are nevertheless quite high. In the large units typical of chlor-alkali plants, efficiencies 
are greater than 98%. 

Single-phase transformers can be grouped in several different ways in a three-phase 
system. Figure 8.4 shows the so-called Y-A configuration. On the Y-side (or wye side), 
all three coils have a common connection; they can also be shown schematically as the 
three legs of the letter Y. The “wye” designation is common in the United States. In 
certain other parts of the world, this arrangement is referred to as the “star” connection. 
On the delta side, there is no common connection of the three phases. Each element 
connects at its opposite ends to the other two elements. In the schematic representation 
of this arrangement, the coils are connected to form the Greek letter A. 



FIGURE 8.3. Simple transformer. 



FIGURE 8.4. Wye-delta transformer configuration. 
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In the wye arrangement, we can visualize current flowing between lines that are 
connected through each leg of the circuit and the common junction. Each phase current 
then flows from a line to the neutral point and so is equal to the line current. The 
voltage between two line connections is equal to the vector difference between the phase 
voltages (which are opposite in sign). Figure 8.5 summarizes the situation. Two equal 
phase voltages are separated by 120°. Each phase has the voltage and the resulting 
line voltage is Vl- The line voltage has x and y components Vx and Vy. These are the 
sums of the resolved components of the two phase voltages: 


= + V^cos(120) = 1.5V<^ 

Vj, = V^sin(120) = V3/2V^ 


Combining these, we have Vl = 

In the A-arrangement, phase voltages and line voltages are equal. Each line current 
is equal to the vector difference between the currents in the two phases to which the line 
is connected, and so in this case the line current is equal to \/3 times the phase current. 
With either arrangement, the power output is the same for a given phase angle: 

P = VsSl/lcos 6> (3) 

where P is the power, El the line voltage, /l the line current, and 0 the phase angle 
between voltage and current. 

The choice of either of two arrangements on both the primary and secondary 
gives four possibilities in a transformer. The wye-delta connection is a common one 
in chlor-alkali plants, as it is in many industrial installations. It is favored in step-down 
transformers partly because of the neutral connection that is available and the consequent 
relative ease of grounding the high-voltage side. For the same reason, the delta-wye 
hookup is common in step-up transformers. 
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When installing multiple transformers in parallel, one must ensure that their 
impedances are equal. If this is not so, sharing of the load is unequal and there will be cir¬ 
culating currents between adjacent transformers. These currents directly result in a loss of 
efficiency, which can lead to early failure, faulty power metering, and a loss in reliability. 
In the special case of rectifier transformers, the current in each is dictated by the rectifier 
control systems, but if they have been given different phase shifts to minimize harmonic 
distortion (Section 8.3.1.3), it is again necessary to ensure that their impedances are 
equal. 


83. L2. Rectifiers 

8.3.1.2A. Types of Element. Rectifiers are devices that allow the passage of current 
in only one direction. Thermionic emission of electrons, for example, is a one-way 
process and was the basis for vacuum-tube diodes. The cathode must be held neg¬ 
ative with respect to the collector in order for electrons to flow. This explains the 
use of the word “valve” to describe what has been known in the United States as 
a “tube.” 

If a diode’s source of power is an alternating emf, electrons can flow during only 
half the cycle. A simple diode with a single-phase AC supply voltage produces a series of 
half-waves separated by half-cycle intervals. A three-phase signal has no periods without 
current flow but is still extremely choppy. Adding a second element shifted 180° in phase 
from the first, for example in a second wye connection with reversed polarity, fills the 
gaps and produces full-wave rectification. 

Semiconductor rectifiers contain at least two separate materials, a P-type and an 
N-type silicon semiconductor, joined together and held by conductors. With an alternat¬ 
ing voltage across this combination, normally called a silicon diode, the electrons in the 
N-layer and the holes in the P-layer respond by moving in opposite directions. Figure 8.6 
shows that during one half of the voltage cycle, the electrons and holes move toward the 
junction, and current flows. In the other half of the cycle, the electrons and holes move 
away from the junction, and current flow is impossible. 

A thyristor rectifier uses four silicon semiconductors of alternating types in a pack. 
Figure 8.7 shows that without some outside influence the three junctions can not simul¬ 
taneously be conductive. When the cathode side is negative, two junctions are conductive, 
but the center, or control, junction is not. Applying a current pulse to the interior P-layer 
neutralizes the bias in that layer and allows current to flow through the rectifier pack. 
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FIGURE 8.6. Operation of a silicon diode, (a) Current flows through junction, (b) No current flow. 
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Current flows until the voltage reverses, biasing the two outer junctions in the noncon- 
ductive mode. The time during which current flows in each cycle depends on the timing 
of the pulse applied to the control layer. This is designated by the point in the voltage 
cycle at which the firing pulse occurs. It is measured by the angular displacement of the 
pulse from the point of zero voltage and is referred to as the firing angle. A high firing 
angle means a longer delay before the control pulse is fired and therefore a shorter period 
of conduction, or in other words, less current flow. 

8.3.1.2B. Methods of Control. Rectifiers are one component of a chlor-alkali plant 
whose design has improved greatly during the industry’s history. From bulky, 
slow-acting, and inefficient mechanical units, through mercury-based systems, the 
industry has moved on to solid-state technology using silicon-based diodes and then 
thyristors. Most plant designers now prefer thyristors to diodes for new installations. 
Here, we consider both versions, but discuss only silicon rectifiers and ignore the older 
types. 

On-load tap changers and saturable reactors control the output voltage of a diode 
system and hence control the current through the attached load. The saturable reactors are 
responsible for fine control but have limited range. Usually, they are installed in all power 
circuits, each one being connected to a power source that can drive it into saturation. 
The operator’s controls effectively regulate the impedance of a reactor circuit. Zero 
control of the exciting current gives maximum impedance and minimum output current. 
Eventually, a change (say, an increase) in demand brings the tap changers into operation. 
When the operator calls for more current, a motor physically raises the transformer tap 
to the next level. The output voltage of the transformer increases, ultimately causing the 
DC output of the rectifier to increase. Tap changers are electromechanical devices and 
therefore have slower response, coarser steps, and greater maintenance needs than purely 
electronic devices. Unless their control systems are carefully designed, they can tend to 
hunt when operation is close to a limit of one of the taps. To minimize hunting problems, 
the control range of the saturable reactors should be equivalent to several times the size 
of a step in voltage by the tap changers. 

The control of a thyristor unit, on the other hand, is applied to the rectifying elements 
themselves by varying the timing of the firing pulse. Action is much more rapid (one 
or two cycles, vs a number of seconds), and control is smooth over the entire range 
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of operation. The fast response of thyristors offers other advantages. When an operating 
electrolyzer is shorted out, for example, it limits the resulting momentary overcurrent 
in the line to a low level. Overcurrent protection during a transient short circuit is also 
simpler and more effective. A sudden drop in circuit impedance with a slow-acting 
current controller would allow a significant increase in line current. Thyristor control 
drops the output voltage very quickly and keeps the current within the surge limits of the 
rectifiers or any other preset level. Even faster response is possible with modifications 
to the design of thyristor-based devices. Section 17.3.2 discusses this subject. 


8.3.1.2C. Other Design Considerations. A rectifier installation, whether diode- or 
thyristor-based, comprises a number of elements in each branch of the circuit. Normal 
practice is to provide redundant elements in every branch, so that failure of a single 
element will not reduce output. Failure of a second element will begin to overload the 
other devices if the total output is not reduced. 

Rectifiers usually are installed, along with their transformers, in caged areas with 
strictly limited access. Enclosing the components protects them from dust and contam¬ 
inated air. Operating inefficiencies, discussed below, generate waste heat, and so some 
form of cooling is necessary. Usually, the rectifying elements are supported on metallic 
heat sinks through which a coolant is pumped. Use of demineralized water in a closed 
circuit is common in modem systems, because the earlier oil cooling systems were fire 
hazards. Some rectifiers, usually those of small capacity, are cooled by forced circulation 
of air. 

Special DC meters, described in Section 8.3.1.5, measure the output of the rectifiers. 
The control system uses this current measurement to adjust the voltage and so keep the 
output current constant. 

The energy efficiencies of most rectifiers are less than those of transformers but still 
quite high. Even a small fractional loss of the power used by a cell room, however, is 
very expensive, and some of the basic choices made by cell-room designers influence 
the efficiency. Section 8.3.2.1 discusses some of these choices. In particular, that section 
shows that a low-amperage, high-voltage rectifier is cheaper and usually more efficient 
than one with the same power output but the opposite characteristics. 

In a chlor-alkali plant, rectifier specifications are not set in isolation but are 
part of the larger question of circuit design. Rectifiers are matched with groups of 
cells or electrolyzers, and conversion efficiency often must be compromised in the 
interest of safety and an efficient cell layout. The following section discusses this 
further. 


8.3.13. Rectifier Arrangement 

8.3.1.3A. Current Variability and Harmonics. The function of a rectifier system is to 
convert a power supply received as alternating current into the direct current required 
by the cells. There may be a reduction in voltage through transformers prior to the 
rectifiers, but this is outside the scope of the present discussion. Within the rectifier 
system, there will be some reduction in voltage to match the varying demands of the 
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cell line. In the usual arrangement, the output voltage is continuously varied in order to 
maintain a constant current through the cells. 

The rectifier(s) must do this job with high reliability, high efficiency, and minimum 
disruption to the external power supply. The last-named objective requires a high power 
factor, to avoid excessive transmission losses or burden to the supplier’s kV A capacity, 
and an acceptably low feedback of harmonic currents into the power supply. The problem 
of low power factor and methods for its correction (in this case, installation of capacitor 
banks, dealt with in Section 8.3.2.3) are familiar subjects even to many nonelectrical 
engineers. The consideration of harmonic distortion of the waveform, which can cause 
distortions in the power grid voltages and interference with other customers’ devices, is 
less so. 

Nonlinear loads, of which electrochemical plant rectifiers are particularly trouble¬ 
some examples, take current with a nonsinusoidal waveform. Analytically, one may 
consider that a rectifier injects currents of various harmonic frequencies (multiples 
of the supply frequency) into the supply system. These injected harmonic currents 
flow in the system impedances and so cause harmonic voltages, which are superim¬ 
posed on the fundamental-frequency voltage of the power supply. From the injected 
harmonic currents and the harmonic impedances of the system, one can in principle 
calculate the extent of the harmonic voltage distortion produced by a rectifier install¬ 
ation. In practice, this is not so easy. The multiplicity of loads producing distortion 
in a given distribution system, including those outside the boundaries of the chlor- 
alkali plant, will have a variety of phase shifts, and it is not always clear at the 
design stage how the harmonic voltages due to a new load will interact with those 
due to existing loads. Furthermore, the supply system may have very different har¬ 
monic impedances under different system configurations, and it may have harmonic 
resonances that result in amplification. Harmonic voltages at remote parts of the sys¬ 
tem may become higher than the voltage at the point of connection of the distorting 
load. 

The organization responsible for installation of the rectifier system, whether it be 
the operating company itself or an outside design contractor, probably will lack know¬ 
ledge of the overall power supply situation. Therefore, most electric utility authorities 
will propose standard empirical methods for estimating the effects of a proposed new 
installation. In the final analysis, however, measurements must be made on the oper¬ 
ating system. Harmonic filters can be installed to compensate for the problem, but in 
the real world it may later be found that these must be adjusted to cater for unforeseen 
conditions. 

Most regulations include a limit on the total harmonic distortion voltage. The pur¬ 
pose of these limits is to safeguard the performance of electrical supply systems. Human 
safety issues are discussed in Section 8.5.1.2. Since measured AC voltages are root- 
mean-square values, the total harmonic voltage is the square root of the sum of the 
squares of the individual harmonics: 


oo 


Vj = 






( 4 ) 
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where Vt is the total harmonic distortion voltage and Vn the individual harmonic 
distortion voltages, second and higher. In practice, the summation is cut off at some 
reasonable value of n beyond which it is agreed there is a negligibly small contribution. 

An efficient method for alleviating the generation of harmonics in the first instance 
is to increase the complexity of the rectifier arrangement in order to produce a more 
uniform current. While rectifiers produce direct current, “direct” should not be confused 
with “constant.” A perfect diode that receives a single-phase AC voltage supply will 
faithfully reproduce the positive part of the voltage waveform and reject the other part 
(the reverse-voltage half). In the more practical case of full-wave rectification, the output 
voltage waveform will be successive positive halves of a sine wave, so that the rectifier 
produces two pulses of current from each cycle of the AC source. In the industrial case 
with a three-phase power supply, the rectifier therefore produces six pulses of current 
during each cycle. These pulses will be separated by 60° from each other. The output 
signal is the sum of the individual phase currents. 

Because of the phase shifting and consequent overlap of the three waves, the six- 
pulse output is much smoother than the output of a single-phase system. In the latter, 
the maximum amplitude of the voltage, and hence also the current if the load is purely 
resistive, is 57% greater than the average. With six pulses, this difference, or current 
ripple, is reduced to about 4.7%. It will be obvious that further increase in the number 
of pulses will further reduce the current ripple. 

Practically, lower current ripple results from production of more six-pulse signals, 
shifted in phase in order not simply to reinforce the first. This can be done by increasing 
the number of windings on a given rectifier transformer or by supplying multiple units. 
If we add a second transformer rectifier, identical to the first but phase-shifted by 30°, we 
will have a 12-pulse system. Replicating this once with the other units phase-shifted by 
±15° or twice with the other units shifted by ±10° results in a 24- or 36-pulse system, 
respectively. The latter is perhaps the most complex rectifier arrangement conunonly 
found in chlor-alkali practice. Table 8.1 gives the relative uniformity of output for the 
most important configurations. There is a useful reduction in current ripple in going 
from six to 12 pulses. There may still be a worthwhile improvement in going on to 36 
pulses, but there is very little to be gained after that. This comparison is based on an 
ideal system in order to illustrate the principle under discussion. It is calculated assuming 
the supply voltage to have pure sine waves with precisely offset phase angles, perfect 


TABLE 8.1. Idealized Rectifier 
Characteristics 


Number of pulses 

Amplitude ratio 

Max./avg. 

Max./min. 

6 

1.047 

1.155 

12 

1.012 

1.035 

24 

1.003 

1.009 

36 

1.001 

1.004 
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TABLE 8.2. AC-System Harmonic Currents in 
Typical Rectifiers (as Fractions of 
Fundamental-Frequency Component) 


Number of 
pulses (n) 

5th + 7th 
harmonics 

(n — l)st (n-\- l)st 
harmonics 

Total 

distortion 

6 

0.207 

0.207 

0.215 

12 

0.025 

0.095 

0.102 

18 

0.030 

0.018 

0.036 

24 

0.030 

0.012 

0.034 


transformer-rectifiers, and a purely resistive load. None of these holds perfectly in a real 
system. 

In addition to giving a smoother DC output current, increased pulse number reduces 
the harmonic current injection into the AC supply system. A rectifier system with 
n pulses injects harmonic currents of frequency mn±l times the supply frequency. 
Thus, a six-pulse rectifier will produce no harmonic components below the fifth (it 
should produce the 5th, 7th, 11th, 13th,...). As with the DC output discussed above, the 
lower-frequency components are largest. Increasing the pulse number to twelve therefore 
greatly reduces harmonic current injection by effectively removing the fifth and seventh 
harmonic components. 

Again, the above is a simplified and idealized picture. In a real system with imperfec¬ 
tions in the supply voltages, the transformers, and the rectifiers, more complex rectifiers 
still produce lower-order “nontheoretical” harmonics at certain levels. Table 8.2 gives 
some typical values, as listed by Cameron [13]. Regardless of the number of pulses, 
some low-level fifth and seventh harmonics remain and in fact become the dominant 
form in the more complex units. 

Regulations on harmonics usually cover both current and voltage distortion. They 
specify maximum total distortion and place some kind of limit on individual harmon¬ 
ics [14], A third criterion relates to distortion of communications signals. Here, each 
harmonic current 4 is multiplied by its own defined telephone influence factor 4. Sum¬ 
ming all these products in the same way as the voltages in Eq. (4) gives the total distortion, 
designated 7*7. The IEEE lists three categories: 


Category 

Description 

7*7 

I 

Unlikely to cause interference 

<10,000 

II 

Might cause interference 

10,000-50,000 

III 

Probably will cause interference 

>50,000 


Cameron [13] points out that many utility standards go well beyond IEEE recommenda¬ 
tions and seriously constrain industrial design. The compromise often reached in practice 
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is an after-the-fact adjustment when the real effects of the new installation become 
known. 

If the generation of harmonics exceeds the allowable limits, filtering circuits that 
provide low-impedance access to harmonic sinks can reduce their magnitude. Fortu¬ 
nately, capacitors perform this function. Since capacitor banks are the usual solution 
to a low power factor, they also can give protection against harmonics. The capacitors 
should be arranged in several banks, each one tuned to a different harmonic frequency 
by means of a reactor. This sort of arrangement goes beyond the scope of this book and 
becomes a subject for specialists, because harmonic filters at certain frequencies can 
resonate with power systems and thereby increase the harmonic voltages. This situation 
must be avoided. 

Besides the characteristic odd-numbered harmonics, some even harmonics are 
present in most signals. Some of their causes are: imperfections in the AC supply, 
including the effects of tolerances in transformer winding phase angles; commutation 
reactance; and incoming harmonic voltages. In rare situations, the magnitude of some 
even-numbered harmonics can become a problem and require special attention [15]. 


8.3.1.3B. Rectifiers in Circuit Design. Circuit voltage of course is not unlimited. Higher 
voltages are harder to contain, and problems of safety, arcing, insulation, and current 
leakage all multiply as voltage increases. Good practice in the chlor-alkali industry usu¬ 
ally restricts circuit voltages to less than about 1000 V or, in some cases, 400-600 V [16]. 
This is somewhat arbitrary, and the aluminum industry, to choose one example, accepts 
higher line voltages. A survey of one manufacturer’s list of 46 chlor-alkali rectifiers, 
large and small, showed a median voltage slightly below 300. Half the units produced 
between 200 and 600 V. 

Monopolar electrolyzers have the advantage of great flexibility in design amperage. 
They can hold anywhere from a few up to (in small-electrode membrane electrolyzers) 
more than a hundred anodes. Varying the number of anodes and their current density 
gives nearly infinite flexibility from low to very high circuit amperages. 

The voltage drop in each monopolar electrolyzer is equal to the voltage drop of 
a single cell. This depends primarily on the type of cell, the current density, and the 
choice of membrane or type of diaphragm. The number of electrolyzers contained in 
a cell line then fixes its total voltage. The design voltage must be sufficient to allow for 
losses in buswork and intercell connectors, the maximum current density to be used, and 
the deterioration with time of the components of the circuit. 

Monopolar circuitry is rather straightforward. Rectifier and electrolyzer currents are 
easily matched, and one rectifier set serves one line of cells. A “set” may contain more 
than one rectifier housing. When the electrolyzers are bipolar, the rectifier arrangement 
is more of an issue. The basic reason for this is the low current associated with bipolar 
designs. The most widely used bipolar membrane electrolyzers have cross-sectional 
areas between 1.5 and 5 m^. Even at the highest current densities used today, they are 
limited to loads of 10-30 kA. This is well below the range common to diaphragm¬ 
cell and typical mercury-cell loads. The low amperage presents a problem in plant 
conversions and requires a careful balance between circuit arrangement and cost in a 
new plant. 



724 


CHAPTER 8 


The high-voltage, low-current characteristic of bipolar electrolyzers would seem to 
favor the economical design of a rectifier. Limiting the circuit voltage, however, normally 
prevents one from installing these electrolyzers in series. This limits the power demand 
of a cell circuit, and the use of rectifiers with low power ratings would add to the installed 
cost of the system. 

It is cheaper to install and operate fewer rectifiers each with higher power output. 
It is therefore common to install more than one bipolar electrolyzer operating in parallel 
off larger rectifiers. As a consequence, bipolar electrolyzers have many dilferent rectifier 
arrangements. The technical ideal would be to have a separate rectifier for each electro¬ 
lyzer circuit. One plant with 12 large electrolyzers in fact uses 12 rectifiers for its DC 
supply. 

Tominaga et al. [17] showed several different arrangements used in other commer¬ 
cial plants. These are summarized below: 


Number of transformers 

Number of rectifiers 

Number of electrolyzers 

2 

2 

2 

1 

1 

4 

1 

2 

4 

3 

3 

7 


In the first three rows of the table, transformers are dedicated to particular rectifiers 
and rectifiers to particular electrolyzers. Thus, one transformer feeds one or two rec¬ 
tifiers and each rectifier in turn feeds from one to four electrolyzers. In the last 
row, the three transformers and rectifiers operate in parallel and their outputs come 
together in a common bus. Feeding the seven electrolyzers in parallel from this bus 
makes the electrical arrangement on the cell side equivalent to a single rectifier feed¬ 
ing all seven electrolyzers. A separate interesting case, not included in the table, is 
the use of two low-voltage rectifiers to feed an electrolyzer with a large number of 
cells. Here the cell stacks are electrically divided into halves with separate feeds from 
the rectifier output bus. The definition of what constitutes an “electrolyzer” becomes 
blurred, and the number of possible configurations is limited only by the bounds of 
ingenuity. 


8.3.1.3C. Parallel Operation of Electrolyzers. While the practice of installing bipolar 
electrolyzers in parallel is justified on the basis of economics, one should at least realize 
that it has its disadvantages. Unless there is separate current control for each series of 
cells, there will be some mismatch between their operating currents. 

Consider two electrolyzers with different voltage-current characteristics. For the 
operating voltage of a cell or an electrolyzer, we use the linear approximation 

V=a+kl (5) 

where V is the cell or electrolyzer voltage, I the current (A or kA) or current density in 
kA m“^, a the extrapolated voltage with no load current, and k a constant appropriate to 
units of / (the slope of the V-I curve). 
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We install two electrolyzers with the same operating characteristics and therefore 
the same initial voltage Vq at load current Iq. They operate in parallel on the same 
rectifier. We assume that one is damaged after a time and that for the two electrolyzers 

V = ai -{■ kill = aa + k2l2 (6) 

Electrolyzer #1 still has the starting or “ideal” characteristics and electrolyzer #2 has 
suffered the damage. We also assume that the damage shows as an increase in the slope 
of the V-I curve. In other words, ai = a = a 2 and k 2 > ki. Now 

V — a kih = a + k 2 l 2 (7) 

The current through electrolyzer #1 is 

h = {V - a)/ki (8) 

and through electrolyzer #2 is 

l 2 = {V - a)Ik 2 (9) 

Comparing the currents in the two electrolyzers, 

h = {k2lki)l2 ( 10 ) 

The current through each electrolyzer is inversely proportional to the slope of its V~I 
curve. This slope is the “A:-factor” familiar in the chlor-alkali industry. In the authors’ 
experience, differences of 10% in current density between electrolyzers are common 
in bipolar cell rooms operating in this mode. We shall return to the effects of differing 
current densities below. First we compare the power consumption of the above system 
with one that holds the two electrolyzer amperages equal. 

In a real operation, the circuit voltage will be increased after one electrolyzer is 
damaged in order to keep the sum of li and I 2 constant. If the damage to the electrolyzer 
has also decreased the current efficiency, currents and voltage both must be increased 
beyond this level if plant output is to be kept constant. First, we continue the analysis at 
constant current efficiency. 

We denote the new amperages by I[ and The ratio of the two currents is 
unchanged, and so 

/; + /^==2/o (11) 

( 12 ) 

where k = k 2 1 ki. 

This leads to 

/( = 2kIo/(k + 1) 

/' = 2Io/(k + 1) 


(13) 

(14) 
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We Still have 

=a^kil[= a + iKkilo/iK + 1) (15) 

The DC power consumption is given by {I[ + 2/o V'. This becomes 

P' = 2aIo + 14k/{K + l)]kil^ (16) 

Turning now to the other option, if the two electrolyzers were run from separate rectifiers 
at the same current, their operating voltages would differ, and we would have 

Vi =a-\- k\Ii = a + kilo 
V 2 = « + k2l2 = « + k2lo 

The power requirements also differ: 

Pi^alo + kil^ (19) 

P2 = alQ+Kk\ll (20) 

The combined DC power consumption is 

P^2aIo + (K + l)kjI^ (21) 

This and the expression in Eq. (16) for the power consumed in a parallel arrangement 
differ only in the second terms, and we have 

+ 1 - 4k/(k + l)]^i /o = [(/f - l)^/(/c + l)]^i /o (22) 

For all reasonable values of /r, the right-hand side is a small number, but it is always 
positive, and so P > Operating two electrolyzers of different characteristics in par¬ 
allel on the same rectifier actually consumes, at any given time, slightly less power than 
the same electrolyzers operating at equal currents. This is a result of letting the better 
electrolyzer do more of the work. If the current efficiencies are equal, running the two 
electrolyzers at the same voltage in fact gives the lowest possible energy consumption. 
Changing the distribution in either direction would move an increment of current to 
a higher operating voltage. 

The power requirement in any of the equations above conventionally is measured 
in kilowatts. The amount of product made depends on the time of operation (0), the 
amperage (/), the number of cells (A^), the current efficiency (|), and the equivalent 
weight of the product being considered (Wg). The output is given by a constant times the 
product 01Wq. Amperage is denoted by i because I in our basic Eq. (5) is permitted 
to represent either current or current density. In a given arrangement, the two versions 
differ by a constant factor (the electrode or membrane area), which can be incorporated 


(17) 

(18) 
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into the constant (C). We will usually base the calculation on an interval of 1 hr, and so 
we can write 


Output = CIN^W^ (23) 

In a given situation, N and We are constant. We also assume that current efficiency is 
independent of operating load. This is usually a good approximation over the normal 
operating range. Therefore, the output of the cells is proportional to the value of /. We 
divide the basic form of the power equation, P = al kl^, by a constant and by I to 
arrive at the unit energy consumption, usually expressed as kWhrton”^ of product: 

E=^a + pi (24) 

The discussion above assumed that only the A:-factor, or the equivalent resistance of 
the membrane, changed. Membrane damage may also result in lower current efficiencies. 
We can extend the above analysis to include this effect. Keeping the linear form of 
Eq. (24) by assuming that current efficiency is independent of operating load, we have 
for the unit energy consumption by undamaged membranes 


Eq =ao-\- Poh (25) 

When one of two cells or electrolyzers is damaged, the total current must be higher to 
offset the loss in current efficiency. Both amperages can be expressed in terms of the 
starting value /q, and then 


E=a + ph (26) 

with a > Qfo and ^ > Pq. Table 8.3 gives the factors a/oro and P/Po for the two operating 
regimes. The parameter k is as defined above in Eq. (12); e is the ratio of the current 
efficiency of the damaged electrolyzer to that obtained before the damage occurred. In all 
cases, /c > 1 and s < 1. All factors listed in the table therefore are greater than one, and 
the common-current factors are greater than the common-voltage factors. 

If damage to the membranes in an electrolyzer is severe, they should be replaced. 
In other cases, the factors in Table 8.3 are not large. The percentage differences between 
common-current and common-voltage operation are quite small. The purpose of the ana¬ 
lysis reported here is to show that operation of electrolyzers with different characteristics 


TABLE 8.3. Multipliers for Terms in A:-Factor 


Equation 

Operating regime 

a/ao 

PlOo 

Same current 

2/{l+e) 

2(/c + 1)/(1 + £)2 

Same voltage 

(K+D/iK+S) 

2k(k + 1)/(k + s)^ 
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at the same voltage, while it has disadvantages, at least does not suffer from a higher 
overall power consumption at a given point in time. 

In a large plant, even the small relative difference can represent a substantial amount 
of money. In our 800-tpd reference plant, for example, a difference of 0.1% corresponds 
to more than 500 MW hr yr“ ^. 

While our development describes a system containing only two electrolyzers, the 
results can be generalized to any number. The same effect could of course be obtained 
in the two-rectifier case by choosing currents rather than relying on a process of natural 
selection. The best policy depends on the effect of the operating load on the rates of 
deterioration of the electrolyzers. Skewing the load to favor a better electrolyzer will 
place more stress on its components, notably the membranes. Certainly the useful life 
of this electrolyzer will be shorter. Whether the operation and the working life of the 
damaged electrolyzer will improve enough to compensate for this loss is not a question 
that can be answered here. It is also important to note that, in a plant operating close to the 
specified maximum amperage of a performance guarantee, a high-current electrolyzer 
can be placed outside that limit. 


83,1 A. Buswork Arrangement, This section will give the reader a feel for the size of 
the conductors required for safe handling of the cell-room current. In smaller plants, 
particularly in those based on bipolar electrolyzers, cables of the proper diameter can 
serve as conductors. Most plants use a multiplicity of bars with rectangular cross-section 
operating in parallel, and the following discussion is in terms of such busbars. 

A good bus material must have high electrical and thermal conductivity. Other 
desirable properties include: 

1. resistance to corrosion 

2. good mechanical properties 

3. resistance to fatigue 

4. ease of fabrication 

5. low cost and high salvage value. 

The standard materials are copper and aluminum. Copper is the more frequent choice in 
the chlor-alkali industry, but the comparative economics shifts with time and a number 
of cell rooms have aluminum conductors or a mixture of copper and aluminum. Cop¬ 
per is chosen because of its outstandingly high electrical conductivity. Installations are 
more compact, and with the improvements in area productivity offered with the newest 
membrane cells, this aspect becomes more important. Copper can be expected to remain 
the favorite. 

Cast copper does not have outstanding mechanical properties. Work hardening 
by rolling or drawing improves these properties. In sizes typical of chlor-alkali bus¬ 
bars, hard-drawn copper bars or strips have tensile strengths of about 2.5 tons cm“^. 
Cold working destroys about 2-3% of the maximum electrical conductivity. Annealing 
restores this at the expense of some of the enhanced physical properties [18]. 


8.3.1.4A. Capacity of Busbars. Current densities through busbars are high. With copper 
conductor, 1,500 kA m“^ is not rare. Even with the low resistivity of copper, this produces 
enough l^R loss to raise the temperature of the metal significantly. The capacity of the 
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busbars therefore usually is fixed by selecting a maximum acceptable temperature rise. 
Given a typical cell room temperature of up to 40°C and the fact that the oxidation rate 
of copper begins to increase at 90°C, a typical design maximum rise is 50°C. 

The rate of heat generation in a conductor is proportional to the square of the 
current. Both radiation and convection dissipate the heat. Compact arrangements of 
busbars restrict the opportunities for radiation, and convection usually is more important. 
Polished copper may be more attractive visually, but keeping the surface free of oxide 
is counterproductive. The emissivity of a polished copper surface is about 0.05; the 
emissivity of an oxidized surface is 10 times higher. Aluminum tends to have lower 
emissivities (~0.02), but again, heavy oxidation produces a 10-fold increase. Outside 
surfaces of conductors sometimes are painted to increase the emissivity even more. 

Convective heat-transfer coefficients depend on the size and shape of a conductor 
and on the velocity of air past its surfaces. The thickness of the resistive film is less at 
higher air velocities. High air flow rates are clearly desirable, and so the arrangement of 
the busbars should not hinder that flow. This means that busbars of rectangular cross- 
section should be installed with the long side of the rectangle vertical. Thinness also is 
desirable. If the thickness of a bar is doubled, its resistance to electrical flow is cut in half. 
The current cannot be doubled in order to take advantage of this fact, however, because 
the ability to dissipate heat rises more slowly. The actual increase in capacity at a given 
temperature rise is only 40-45%. For this reason, multiple parallel bars are chosen over 
a single, thicker bar. A certain amount of thickness is desirable for strength, however, 
and busbars usually are at least 5 mm thick. The spacing of parallel bars involves another 
compromise. Wide spacing increases the rate of dissipation of heat but also increases the 
volume occupied by buswork and complicates its handling and installation. A practical 
approach is to make the space between bars essentially equal to the thickness of the bars. 
This makes it easy to interleave two assemblies to form a bolted or clamped joint. 

The steady-state average temperature of a conductor can be obtained by calculating 
heat input and output as functions of temperature and then equating them. Heat input is a 
weak function of operating temperature; the rate of heat dissipation is a strong function. 
The heat generated in a conductor by a direct electrical current is 

W ^ I^R (27) 


where W is the power in W/cm of length, I the current in amps, and R the resistance 
in ^2cm~^ 

The resistance is 


R = p(l -L aO)/A 


(28) 


where p is the electrical resistivity at ambient temperature in Q cm, a the temperature 
coefficient of resistivity in (°C)“\ 0 the temperature difference between conductor and 
atmosphere in °C, and A the cross-sectional area of conductor in cm^. 

The energy dissipated is 


W = hpe 


( 29 ) 
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where h is the heat-transfer coefficient in watts/°C temperature difference/cm^ and p 
the perimeter of the conductor in cm. 

By Eq. (27), the current is equal to {W/R)^^^, We can combine Eqs. (28) and (29) 
at steady state to give 


I = V^M//>(l+a6>) (30) 

The work of Lorenz in 1881 showed that h, the coefficient for natural convection from 
a vertical plane, should be proportional to {0/L)^'^^ [19]. In Lorenz’s development, 
these two quantities appear in the Grashof number, which also includes the square of 
the gas viscosity in the denominator. In our case, the increase in average viscosity as 
the temperature in the conductor becomes greater offsets some of the temperature effect 
and justifies the use of a smaller exponent, about 0.22, on the temperature differential. 
The use of the perimeter rather than the height of a bar in Eq. (29) reflects the fact that 
busbars are two-sided and not infinitely thin. The fact that practical geometry of bars 
does not maintain geometric similarity on scale-up and the existence of end effects mean 
that the flow of heat increases more rapidly with size than the equation suggests, and so 
the exponent on p becomes slightly less than 0.25. It also should be assigned a value of 
about 0.22. The heat-transfer coefficient now becomes 

=/ i ' 6 |"- 22//-22 ( 31 ) 

where /i' is a proportionality constant. Equation (30) becomes 

/ = yjh'p^’^^e^-^'^A/pil+aO) (32) 

From empirical observation and the properties of copper [18], the base case with 

a temperature rise {0) of 50°C gives 

I = (33) 

With linear dimensions in cm, Eq. (33) gives the capacity in amperes. It applies to 
horizontal runs of busbar. More air turbulence is developed in vertical runs, and heat- 
transfer coefficients therefore are higher. In a plant installation, however, horizontal runs 
predominate and should be the basis for design. The treatment is also limited to the case 
of a single conductor and assumes still air and natural convection. It should be regarded 
as applying only to indoor cell rooms. Outdoors, with variable winds and flow patterns, 
the situation becomes specialized and too complex for our level of detail. 

If the specified temperature rise is between 30 and 50°C, the allowable load should 
be multiplied by a factor /. T\vo different approximations to this factor are 

/ = 0.265 + 0.01961 - 0.0000866(2 
/ = 0 . 11630 ®-^^ 


(34) 

(35) 
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When parallel bars with spacing equal to their thickness are used, the heat dissipated 
per unit surface is reduced. For a first estimate, the amount of current carried by a single 
bar can be multiplied by the factor 

n' = 0.48 + 0.68« (36) 

where n, the number of bars, is 2-5, or 

n' = 0.78 + 0.67/j - O.Oln^ (37) 


where n is 5-10. 

Five bars assembled in this way, for example, carry only 3.88 times as much current' 
as a single bar with the same temperature rise. Ten bars carry about 1.67 times as much 
current as do five bars and are equivalent to 6.5 separate single bars. 

Example, An electrolyzer in our reference plant carries 2.5 x 5.5 = 13.75 kA. We 
examine the possibility of carrying a slight excess, say 15,000 A, in copper bars of the 
following dimensions: 20 x 0.65 cm, 25 x 0.65 cm, and 30 x 0.95 cm. We hold the 
temperature rise in the bars to 45°C. 

Using the average of Eqs. (34) and (35), we calculate the temperature correction 
factor / to be 0.945. Multiplying the result of Eq. (33) by this number, we find the 
capacity of a single bar 20 x 0.65 cm to be 0.945(188.5)(13^-^)(41.3^*^^) == 2.74kA. 
The capacities of the other shapes are 3.34 and 4.75 kA, respectively. The calculated 
numbers of separate bars for the three cases are 5.47, 4.50, and 3.16. We choose the 
smaller number of large bars. Inverting Eq. (36) to give n = \ ,Aln! — 0.71, we calculate 
the actual number of bars required to be 3.93 and therefore provide four. This gives a 
current density in the bars of 1316kAm“^. 

Because of the large difference between monopolar and bipolar electrolyzer require¬ 
ments, we extend this example to consider a monopolar circuit carrying 100 kA. We allow 
for llOkA but permit a temperature rise of 50°C. To keep the busbar count a reason¬ 
able number, we consider larger sections. One of the many combinations that suit the 
application is the following: 

Three stacks of seven bars each 
Dimensions 40 x 1.25 cm 
Total cross-section 1050 cm^ 

Current density 1,048 kA m”^ 


8.3.1.4B. Copper vs Aluminum. The conductivity built into the above equations is that 
of standard annealed copper, referred to as “H.C.” or high-conductivity copper. Other 
metals or other grades of copper can be substituted by inserting the proper values. The 
other metal of most interest is aluminum. Over the years, shortages of copper and 
swings in relative prices have led to the installation of aluminum bus in a number of 
plants. While price advantages come and go, the permanent advantage of aluminum 
is its light weight. Copper has more than three times the density of aluminum. Some 
of the relevant properties of the two metals are compared in Table 8.4. The next to 
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TABLE 8.4. Comparative Properties of Copper and Aluminum 


Property 

Copper 

Aluminum 

Conductivity at 20°C (% of International Annealed Copper standard)^ 

99 

60.97 

Resistivity at 20°C, ohm cm 

1.742 

2.828 

Resistivity-temperature coefficient, (°C)“^ 

0.00393 

0.00403 

Density at 20°C, g ml“ ^ 

8.89 

2.703 

Linear coefficient of expansion, x 10^ 

16.7 

23 

Resistance-temperature coefficient, ohm cm °C“ ^ 

0.0069 

0.0115 

ASTM tests and tolerances (section number) 

B-187 

B-236 


" Standard value is 0.5799 S cm ^ 


TABLE 8.5. Comparison of Characteristics of Copper and Aluminum 

Buswork 


Design for 

Wt. ratio, Al/Cu 

Approximate % 

Relative voltage drop (%) 

Same shape 

0.306 

30 

162 

Temperature rise 

0.43-0.44 

45 

111 

Voltage drop 

0.497 

50 

100 


last row shows the total change of the resistance of a bar with temperature. It includes 
both the change in resistivity and the expansion or contraction of the bar. The disad¬ 
vantage of aluminum is its higher electrical resistivity. It is about 62% more resistive 
than copper at 20°C, and its resistivity increases more rapidly with temperature. A 
given current requires more voltage to push it through an aluminum conductor of the 
same cross-section as a copper conductor and generates more heat inside the conductor. 
To carry a given current through a given shape, aluminum requires about 62% more 
voltage than does copper. To reduce the energy loss in aluminum bus to the same as 
that incurred with copper, we must increase its cross-sectional area by the same 62%. 
The resulting shape still weighs only half as much as the copper equivalent, but the 
added volume can make installation more difficult. If the voltage drops are equal, the 
larger aluminum bars are able to dissipate more heat and run at a lower temperature. 
By designing for the same temperature rise as in the copper equivalent, the aluminum 
conductor could therefore be made slightly smaller, incurring a greater voltage loss as 
the temperature increased. Table 8.5 summarizes these comparisons between copper and 
aluminum. 

Some plants use combinations of aluminum and copper conductor. Aluminum may 
be used for the main bus or large sections and copper for electrolyzer connections, where 
it is more important to keep the components small. Prefabricated transition pieces should 
be used to minimize contact resistances. In these pieces, the two metals can be joined 
by explosion bonding. 

Istas [20] described an aluminum busbar system in a mercury-cell plant. The design- 
basis current density for the buswork was about 900 kAm”^; operation was close to 
800kAm“^. The buswork joints were clamped. Joints between aluminum and copper 
or steel were through 19 jxm of nickel plate. Exposed aluminum surfaces were covered 
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with 0.4 mm of coal-tar epoxy paint. An important part of the economic justification 
for the use of aluminum was its easier installation. Given the geometry of a mercury 
cell installation, the greater volume of aluminum buswork is not the disadvantage that it 
might be in certain other arrangements. 


8.3.1.4C. Assembly of Busbars. Energy losses occur at the joints between sections of 
buswork. Joints may be made by clamping, bolting, or welding strips together. Bolts are 
reliable and easy to use but have the disadvantage of requiring holes in the busbars. These 
reduce the conductive area and distort the current flow paths. Other methods disrupt the 
current less, but any lap joint will produce a certain amount of distortion. 

The equivalent resistance of a joint comprises the actual contact resistance and that 
produced by spreading of the current path. Making the overlap long enough provides the 
extra metal that compensates for the latter. The length required is not much greater than 
the thickness of the busbar. The practicalities of construction ensure that the overlap is 
at least that long, and well-bonded lap joints actually have less resistance than a single 
busbar of the same length. The advantages of making the overlap more than twice the 
bar thickness are not great; beyond a ratio of 5 :1, very little is to be gained. 

The contact resistance between two pieces of metal depends on the quality of the 
surfaces and the pressure that is used to force them together. Increasing the pressure 
flattens out more of the microscopic irregularities on the surfaces and increases the true 
contact area. Beyond 20 MPa, gains are small. Beyond 40 MPa, they are inconsequential, 
and too much pressure on the joint can exceed the elastic limit of the material. Under 
high pressure and at service temperature, the metal will flow slightly. When it cools, 
the contact pressure will be greatly reduced and the resistance of the joint will increase. 
Bolted joints are particularly susceptible to this when the bolts and the bars have different 
thermal coefficients of expansion. From this standpoint, copper alloy bolts are superior 
to steel. 

Clamped and bolted joints can deteriorate with time. Corrosion is one of the prin¬ 
cipal causes. Gases can penetrate joints by diffusion and liquids by capillary action. 
Higher operating temperatures and cycling temperatures increase the rate of deterior¬ 
ation. Painting the buswork or applying a thin coat of petroleum jelly to its surfaces 
before assembly can slow the rate of corrosion. The integrity of a joint, even in the face 
of corrosion, is improved by the use of special washers (e.g,, Belleville washers) that 
spread the bonding force and cut through products of corrosion to maintain efficient line 
contact. 

We can extend the comparison between aluminum and copper buswork to the sta¬ 
bility of joint resistances. Aluminum flows more easily under stress than does copper, 
and so the problem of loss of contact pressure as buswork temperature cycles is more 
severe when using an aluminum bus. Aluminum oxidizes more easily and more rap¬ 
idly than copper and forms an oxide with a higher resistance. Furthermore, copper 
oxide has a negative temperature coefficient of resistivity, so that its contribution to joint 
resistance actually declines as temperature increases. Aluminum oxide, like the conduct¬ 
ors themselves, has a positive temperature coefficient. For these reasons, welded butt 
joints are often a better solution for aluminum busbars than clamped or bolted overlap 
joints. 
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When an electrical conductor, such as a busbar, is placed in a magnetic field, forces 
appear that tend to deform the circuit in such a way that the number of magnetic lines of 
force enclosed is increased (induction). When currents in parallel conductors are in the 
same direction, the force is attractive; when currents are in opposite directions, the force 
is repulsive. Busbar runs are usuedly straight and parallel. The electromagnetic force 
between two bars is proportional to the product of their currents. The force is small in 
normal operation, but it is very much larger under short-circuit conditions. It becomes 
the limiting stress in the design of busbar supports. The design value of the short-circuit 
current, which is dependent on the size of the bars and the voltage of the system, is 
therefore an important criterion. 

The designer must consider all the forces imposed by the busbar on its supports. 
The supports often are insulators, which may be ceramic. These are more likely to fail in 
tension or shear than in compression. Therefore, their axes should not be at right angles 
to the force on the buswork. 

Finally, it is important to consider thermal expansion when installing buswork. 
Combining the temperature rise allowed by design with the yearly ambient cycle, there 
may be a range of 70°C in buswork temperature. With copper, this represents a difference 
of 1.19 mm m~^ of length and with aluminum, 1.68 mm m~^ In a long cell room, this 
becomes a substantial distance. Flexible sections are sometimes used in aluminum busbar 
runs in order to accommodate expansion and contraction, thereby avoiding the applica¬ 
tion of high stresses to the rectifiers, cells, and busbar supports. These are prefabricated 
and consist of numerous thin sheets of aluminum connected in parallel between two 
aluminum blocks. The busbars are welded to the blocks on site. 


8.3.1.4D. Intercell Connections. The main buswork runs connect lines of cells to each 
other and to the rectifiers. It is also necessary to provide connections between cells or 
electrolyzers within a row. The arrangements made to carry the load along a cell row are 
a vital part of the system and have much to do with building design and cell-line layout. 
However, they are largely beyond the control of an independent designer. Electrical 
connections are an integral part of electrolyzer design, and the supplier of electrolyzer 
technology dictates the requirements. 

In monopolar circuits, a cathode of one cell must be connected to an anode in an 
adjacent cell. This involves a change in orientation of the connectors between the cells. 
The several changes in direction relieve the stresses of thermal expansion and contrac¬ 
tion. A diaphragm cell may require connection of more than one side of a cell body 
(the cathodic “can”) to an anode support plate at the bottom of the next. The connect¬ 
ors become rather massive connections that have much in common with the busbars. 
Mercury-cell interconnections are between the top (anode side) of one cell and the bot¬ 
tom (cathode side) of the next. These take the form of permanently installed connectors 
complete with intercell switches. Membrane cells once again are more diverse in their 
design. As a rule, connections are end-on to the electrodes. A fundamental limitation 
of monopolar membrane cells has been exposed by the trend to high (>4kA m“^) cell 
current densities. This is the power lost by transmitting high currents through the elec¬ 
trodes and the complications of attaching enough intercell conductor to the edges of an 
electrode. 
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In bipolar electrolyzers, the cells are connected through the membranes and the 
entire faces of the electrodes. Connections between electrodes, however, do not involve 
the entire cross-section but normally rely on enhanced contact across some specially 
designed section. When an electrolyzer contains many cells and is divided into sections, 
intersectional connections may be in the form of transitional bus or may be similar to 
the supply arrangement used with undivided electrolyzers. 


8.3,L5, Current and Power Measurement. With electrical energy costs the dominant 
factor in chlor-alkali production economics, electrical metering is very important. On 
the DC side, current, voltage, and power are frequently measured. Integration of the 
current and power measurements over time gives the quantities of electricity (A h) and 
energy (W h) consumed by the circuit. On the AC side, power, power factor, and energy 
are often measured. 

Measurement of direct currents usually is by Hall-effect devices. The Hall effect is 
the development of a transverse electric field across a solid material when that material 
carries an electric current and is in a magnetic field with a component perpendicular to the 
current. The electric field results in a measurable potential difference, the Hall voltage, 
which is directly proportional to both the current and the magnetic field. Meters usually 
are accurate within 0.5%, supporting a four-digit readout. Most plants can control cell 
current within 1%. 

The physical form of a DC meter usually is a rectangular loop surrounding the 
current-carrying busbar. It forms a magnetic core piece with measuring elements on 
all four sides. The field produced by the current through the busbar generates a flux 
in each measuring element. Magnetic null detectors in each leg send signals to current 
amplifiers, which pass currents into conducting coils wound on each side of the magnetic 
core piece. Each coil then sets a field equal and opposite to the bus current field in order to 
satisfy the null detector. Summing the currents needed in the four coils produces a signal 
proportional to the current in the buswork. 

Measurement on four sides compensates for asymmetry in the field. This can be 
due to off-center placement of the measuring apparatus relative to the busbar or due to 
an external field. Consider an external field, for example, oriented at an angle to all four 
sides of the magnetic core piece of the meter. This will increase the strength of the field 
in one or more legs of the meter and decrease it in the other(s). The sum total of the 
four impressed conducting-coil currents is unchanged. In normal operation of a chlor- 
alkali plant, the field produced by the bus current is much greater than any external field. 
During shutdowns or operation at low cell current, however, the presence of an external 
field can result in reversal of the direction of the flux in certain legs of the magnetic 
core piece. Not all systems are able to measure the resulting “negative” currents, and 
the sum becomes artificially high and fails to drop to zero even during shutdown of the 
rectifiers. 

Measurement of the DC voltage can be achieved by use of an accurate resist¬ 
ive voltage divider and a high-impedance transducer. The signal from this device can 
then be multiplied by a signal from the DC current meter in another transducer to give 
a measurement of the DC power. Integration of the DC power signal gives the DC energy 
consumption over a period of time. 
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On the AC system, conventional meters can be used to determine the levels of 
power and power factor, and conventional tariff metering can be used to record the 
energy consumed over a period of time and the maximum demand. The importance 
of the maximum demand is discussed in Section 8.3.2.4. Power factor, discussed in 
Section 8.3.2.3, is a measure of the extent to which a load current is out of phase with 
the supply voltage. 


83.2. Electrical Supply Efficiency 

8.3.2.1. Rectifier Cost and Efficiency. Section 8.3.1.3, in its discussion of the effects 
of rectifier configuration and control on AC power requirements, showed that very 
small fractional differences in demand can be economically quite significant in 
large plants. While rectifier efficiencies are quite high, therefore, what may seem 
to be small differences can have a large effect on operating costs. This section 
discusses rectification efficiency and the importance of the operating characteristics of 
cell lines. 

When a transformer-rectifier operates at full current but below its rated output 
voltage, its power efficiency declines. This is because the losses remain virtually 
unchanged while the power output falls proportionately with voltage. If the same 
transformer-rectifier operates at full voltage but below its rated output current, the 
reverse is true. The power efficiency increases because the resistive losses decrease 
with the square of the current while the power output falls only linearly. The efficiency 
improvement is not as great as might be expected from this statement, because the no- 
load (iron) losses of a transformer do not reduce at all and the rectifier losses are only 
partly resistive. The latter reflects the fact that semiconductor devices have fixed voltage 
drops in addition to their resistive losses. 

In an operating a chlor-alkali cell line, it is not possible to vary current and voltage 
independently. The operating voltage of a cell line depends on the current. The relation¬ 
ship is very nearly linear (Eq. 5). The two effects discussed in the preceding paragraph 
therefore are offsetting. The combined effect usually produces a loss in efficiency as the 
operating current is reduced. 

The comparisons made above considered the effects of variations in circuit load 
on a given rectifier. The effects of amperage and voltage ratings are also import¬ 
ant when designing a circuit and choosing new rectifiers. One of the necessary 
economic balances in plant design is the optimization of electrode area. Providing 
less area reduces capital cost but increases operating cost by raising overvoltages at 
the cells and increasing resistive losses. Given a certain amount of total electrode 
area, monopolar cells in particular allow some extra flexibility in design. Increasing 
the number of electrodes in a pack increases the area provided by each electro¬ 
lyzer and reduces the number of them that is required. The current flowing through 
a circuit increases, and the presence of fewer electrolyzers in a line reduces the 
voltage. 

Fewer, larger electrolyzers will result in less efficient rectification. Hine [21], in 
a study of cell-room optimization, showed that for a particular line of rectifier models 
a log-log plot of efficiency loss against the rated operating voltage was linear. He 
derived an approximate equation for conversion efficiency in the range of interest that is 
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equivalent to 


r? = l-A/y (38) 

where r? is the fractional conversion efficiency, V the output voltage, and A an empirical 
constant. 

The constant A must have the units of voltage, and Eq. (38) is equivalent to a 
situation in which a certain number of volts is “lost” regardless of the design operating 
level. This is a convenient approximation in some cases, but it is one to be used with 
discretion. The important fact, other things being equal, is that the conversion efficiency 
of a rectifier improves as its design voltage increases. 

For a given power output, higher operating voltages also correspond to lower capital 
costs. Increasing the amperage of a rectifier requires addition of more elements or at 
least of more conductor, at a substantial cost. Increasing the voltage requires no added 
conductor but perhaps only some increase in robustness or level of insulation. A low- 
amperage, high-voltage rectifier therefore will be cheaper and usually more efficient than 
one with the same power output but the opposite characteristics. 

In a chlor-alkali plant, rectifier specifications are not set in isolation but are part 
of the larger question of circuit design. Rectifiers are matched with groups of cells 
or electrolyzers, and the goals of high rectification efficiency and low cost must be 
compromised in the interest of safety, fluctuating energy demand, and an efficient cell 
layout. 

A certain amount of current and voltage overdesign in a rectifier-transformer usually 
is desirable. It allows, for example, increases in cell operating current in order to maintain 
production as current efficiency declines with increasing age of cell components. It also 
allows for any increase in line voltage required by increasing age or the addition of cells. 
From the point of view of return on investment, of course, operation of a transformer- 
rectifier well below its design point is likely to be uneconomic. Too much overdesign 
also may cause a rectifier-transformer to operate continuously slightly below its best 
efficiency and may prove to be a bad investment. This should be taken into account 
when considering designing an electrical system for future plant expansions. Figure 8.8 
is a typical example of the decline in efficiency below design rating. The loss is modest 
at first and accelerates only with rather deep turndown. 

In the case of rectifying elements, the total installed cost of a thyristor system is 
usually less than that of one based on diodes. Operating costs also are lower. Maintenance 
costs, as we saw in Section 8.3.1.2B, are lower because of the use of static, solid-state 
control devices rather than the mechanical switchgear of a tap changer. Rectification 
efficiency might be expected to suffer from the loss of part of the sine wave before firing, 
but this loss usually is comparable to the inefficiencies of the regulating transformers 
and the saturable reactors in a diode system. 

Thyristors tend to generate more harmonic distortion than diodes. This difference 
is greatest when the firing angles are high (Section 8.3.1.3A). While the distortion in a 
thyristor-based system therefore is at least as great as the distortion caused by a diode 
system, the reactive power compensation that accompanies most large rectifier install¬ 
ations also tends to absorb some of the harmonics. Configuring the capacitance as a 
harmonic filter offsets some of the loss. 
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FIGURE 8.8. Loss in rectifier efficiency under partial load. 


High firing angles correspond to low operating loads. The relative performance of 
a thyristor rectifier therefore suffers more as its output is cut back. The power factor is 
low and harmonic generation as a fraction of the fundamental is high. The poor power 
factor and harmonic distortion of thyristor and, sometimes, standard diode rectifiers 
have their costs. This could lead to increased future use of rectifiers using pulse-width 
modulated or multi-level converters. These are discussed in Section 17.3.2. 


8322. Current Leakage. A distinguishing feature of electrochemical processing is that 
some of the fluids can form part of an electrical circuit. The working electrolytes are 
chosen in part for their high electrical conductivity. As they enter or leave a cell, current 
will flow through any continuous path between the cell and a region of different potential. 
This current is lost from the process and directly affects the overall current efficiency. 
It also causes corrosion and can lead to extremely rapid failure of certain materials. One 
consideration in cell room design is the minimization of this loss, which is known as 
current leakage. One approach to mitigation of its effects is to install sacrificial metal 
probes in the electrolyte lines. These are constructed of relatively active metals, and 
the leakage currents gradually consume them. This renders the stray currents relatively 
harmless and prevents corrosion of major equipment and piping. 

The amount of current leakage through a tubular column of liquid, as in a pipeline 
running full, is given by 


i=kAAV/L 


(39) 


where i is the current leakage, k the conductivity of the electrolyte, A the cross-sectional 
area of the tube, A V the potential difference between cell and target, and L the distance 
between cell and target. 
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To minimize the leakage current, this equation shows that a designer might provide 
some combination of the following: 

1. a low-conductivity fluid 

2. a low-magnitude voltage at the cell 

3. a high ratio of LI A. 

Considering these in turn: 

1. The first approach we reject because of its effect on cell performance. We should 
note in passing that solutions of potassium chemicals have higher conductivities 
than their sodium counterparts. Prevention of current leakage is therefore 
somewhat more difficult in a KOH plant. 

2. The total voltage across a cell line will depend on the number of cells connected 
in series and their operating conditions, primarily current density. The voltage at 
a given cell depends on its position in the cell line. At the midpoint of the circuit, 
barring any unwanted ground connections, the voltage relative to the ground 
will be close to zero. The maximum voltages, positive and negative, will be 
found at the ends of the cell line, and the number of cells in series determines the 
magnitude of these voltages. The problem of current leakage therefore is greatest 
at the ends of a cell line and becomes more serious as the number of cells in the 
line increases. The designer can reduce current leakage by forestalling ground 
faults and by keeping the number of cells in any one circuit low. This is one of 
many factors in the decision on the number of separate circuits to be provided. 

3. The length/diameter ratio of the pipe or tubing determines the resistance of the 
current path. If this ratio is high, the current leakage will be reduced. Section 5.2.4 
shows how the design of bipolar electrolyzers incorporates this strategy. The 
tubes which carry electrolytes into and out of the cells are small in diameter and 
frequently are lengthened by adding loops to their paths. 

Even with very small currents in the lines connecting an electrolyte header to the 
cells, there will be a potential gradient along the header. With monopolar electrolyzers, 
the 3- or 4-V difference between adjacent cells is spread over the distance between two 
electrolyzers. This is not of major concern along the run of the header, but it becomes 
important at those points where two streams of widely different potential are brought 
together. Examples of this would be at the ends of headers at the rectifier end of the cell 
lines and at the middle of long cell rows, where headers often are brought together to 
reduce piping costs. 

When the electrolyzers are bipolar, the potential difference between cells is exerted 
over the small distance between adjacent cells in the electrolyzer pack. The potential 
gradient along the cell row is much steeper than in the monopolar case and is of corres¬ 
pondingly greater concern. The safety aspects of a steep potential gradient are considered 
in Section 8.5.1.1. 

One technique for reducing potential gradients and current leakage along headers is 
to pipe all electrolytes to or from the nominal neutral point of the circuit. In a U-shaped 
circuit, this simply means joining the two longitudinal headers serving the cell rows at 
the ends farther from the rectifiers. In a W-shaped circuit, it becomes more complex. The 
headers follow the electrical supply, as shown in Fig. 8.9. The ends of the headers are at 
the voltage extremes. They follow the electrical turnaround and are joined at the rectifier 
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FIGURE 8.9. Cell-room piping arrangements to minimize voltage gradients, (a) U-shaped circuit, 
(b) W-shaped circuit. 


end, at the middle of the circuit. The total length of installed piping is not significantly 
greater in this way, but diameters near the junctions may have to be increased. Of most 
concern with this arrangement is the fact that at least the gravity headers are sloped. The 
vertical distance between the ends of these headers and their junction is approximately 
twice that in a U-shaped circuit with the same aisle length. 

Since current leakage through an electrolyte depends on the existence of a 
continuous path, another technique for the prevention of leakage currents is the use 
of current breakers at the cells. Their purpose is to physically break the electrolyte 
stream in order to interrupt the electrical path. Figure 8.10 shows the design used with 
some diaphragm cells. The liquor from each cell is collected in a cup (C). The demister 
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FIGURE 8.10. Diaphragm-cell current breaker. (With permission of ELTECH Systems Corporation.) 




pad (B) allows vapors to escape without entrained liquid. The view of the cutaway section 
of the cup shows that a perforated plate restricts the flow of liquor and causes it to break 
up into unstable threads. Mercury-cell current breakers are in the caustic outlet from the 
decomposer. In a vertical unit, for example, there is a standing level of caustic above the 
graphite bed. The caustic leaves through a pipe attached to the wall of the vessel, located 
near the bottom of the caustic pool. The pipe turns upward, and the caustic overflows 
into a larger, concentric vertical pipe. A device at the bottom of the latter pipe breaks the 
stream into droplets and prevents current leakage. 


8,3,2,3. Power Factor Correction. Chlor-alkali cell rooms, along with their high elec¬ 
trical power demands, tend to have low power factors. If uncorrected, these increase the 
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reactive power demand on the power supply utility. The total kV A requirement is the 
vector sum of the process power requirement (kW) and the reactive component (kV Ar) 
that results from the voltage and the current being out of phase. 

Figure 8.11 illustrates the problem. The horizontal line represents the real power 
consumption and is assigned unit length. The vertical line is the reactive power, and 
its downward direction conventionally indicates that the plant’s current lags the supply 
voltage. The hypotenuse is the apparent power, or the kV A demand on the utility. The 
angle between usable power and total demand is labeled (p, and its cosine is the ratio of 
the two quantities, or the power factor F. 

While an increased kV A requirement is a direct burden on the supplier, it does not 
increase the kW consumption by the user. Generation and transmission losses, however, 
are proportional to the kV A transferred, and we saw in Section 8.3.1.1 that copper losses 
in transformers are proportional to the square of the kV A load. The same is true of the 
resistive losses in the generators, overhead lines, and cables. These losses do show up in 
the true power (i.e,, kW) consumption of a utility supplier’s system. 

If the power factor is 0,85, the ratio of kV A demand to useful power is its reciprocal, 
1.176, The reactive power as a fraction of useful power is given by 

Fr/P=tan()o (40) 

where is the reactive power, kV Ar, P the usable process power, kW, and (p the phase 
angle (= cos“^ F), 

When F = 0,85, the reactive power is 62% as great as the useful power, quite 
a substantial fraction. 

The cost of this inefficiency is passed on to the user by a demand charge based 
on total kV A or by requiring that the system be modified to achieve a minimum power 
factor. Since the cell room current lags the supply voltage, the addition of capacitance 
to the system offsets the phase shift and gives a better match. In terms of Fig. 8.12, by 
reducing the length of the vertical line it reduces the phase angle (p and increases its 
cosine. Generally, to improve the power factor from F\ to F 2 , the amount of reactive 
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FIGURE 8.11. Influence of power factor on transmission demand. 
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FIGURE 8.12. Effect of power-factor correction. 


power to be removed or offset is given by 

Pr = P(tan cos~^ Pi — tan cos“^ P 2 ) (41) 

Example. We wish to improve a power factor from 85% (lagging) to 90%. We calculate 
here the rating of a capacitor system per megawatt of delivered power. The phase angle 
is about 31.8° (cos“^ 0.85). We must reduce it to cos“^ 0.90 ^ 25.8°. From Eq. (41), 
Pj. = l,000(tan31.8 - tan 25.8) = 1,000(0.6197 - 0.4843) 135.4kVA. So, we 

need a capacitor installation equivalent to about 135 kV A per megawatt. The reactive 
power decreases from 62 to 48% of useful power, and the transmission load is 5.6% 
lower (1 — 0.85/0.90). Improvements in power factor become more expensive as we 
go on; especially above 90%, the capacitance required for a given amount of change 
increases with the power factor itself. The next 5% increase, to 95%, requires about 
156 kV A MW“^, an increase of about 15%. The next increment would have to be more 
than twice this to reach 100%, an unstable situation in any case. 

In the example, it is important to note that the added capacitance, while equated to 
a number of kV A, is not a large power consumer. Capacitance itself does not consume 
energy. It stores energy during half of each cycle of the supply voltage and releases it 
during the other half. By being totally out of phase with the natural inductive part of the 
plant load, it offsets and effectively cancels out some of that inductive load. The total 
load seen by the utility supplier is still inductive, but less so than before correction. The 
load and supply are not so badly out of phase, and that statement is nothing less than 
the definition of an improved power factor. The only loss is due to the inefficiencies 
in the capacitor installation, and it is much smaller than the reduction in generation, 
transmission, and voltage transformation losses. 

The generation of harmonics also affects the power factor by distorting the wave¬ 
form. This distortion results from the combination of the higher-frequency harmonics 
with the fundamental frequency. A six-pulse rectifier, as pointed out in Section 8.3.1.3A, 
produces the 5th, 7th, 11th, 13th, ... harmonics. These have frequencies of 250, 350, 
550,650,... Hz when connected to a 50-Hz supply. The output signal is the sum of the 
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fundamental wave plus all the harmonics. The distortion aggravates the effects of the 
displacement between current and voltage and contributes to an even lower power factor. 


83,2,4. Demand Management, The previous section explained that operating power 
factor was one component determining the amount of transmission capacity that a utility 
supplier must make available to a chlor^alkali producer. Variations in operating rate are 
another. The user must compensate the supplier for this allocated capacity, whether or 
not it is consistently used. Power contracts therefore usually have a more or less complex 
tariff that is based not only on energy consumed but also on the maximum amount of 
generating capacity called on by the user. The charges based on maximum demand, as do 
all other components of plant cost, require management. The approach depends on the 
terms of the power supply contract. Smaller customers often pay a demand charge fixed at 
an arbitrary fraction of installed electrical capacity. In a chlor-alkali plant, typically, the 
contract will assess a charge based on the maximum demand (measured over a defined 
interval) during a billing period. The ideal would be to operate at a constant power level 
throughout any period while precisely meeting production goals. When the inevitable 
variations arise, the demand charge should be one consideration in production planning. 
When, for example, a change in forecast or the need to recover lost production makes a 
temporary increase in operating rate necessary, spreading increased production over the 
maximum time allowable reduces the maximum kV A demand. When plant management 
has some control in timing the response, there are other opportunities for controlling the 
demand charge. If a charge for the current billing period has already been set by a 
heavy output, it may be worthwhile to ignore the statement above and produce more 
goods earlier. The true energy consumption would be higher because of the high current 
density on the cells, but the incremental demand charge would be zero. Conversely, if 
only a few days remain in a billing period and the increased output would set a higher 
demand charge for that entire period, the proper decision may be to postpone the increase 
in production. There would be no additional demand charge in the current period, and 
a more reasonable schedule could be adopted in the next period. 

Computer models of energy consumption and power demand are not difficult to set 
up. They can be very useful as planning tools. Updyke [22] discussed the subject and 
cited a few examples. The energy model presents quantitative data, which combined with 
management judgment help to determine the best course of action. In Updyke’s model, 
for example, the cost of an additional kV A in demand was equal to the cost of420 kW h. 
Allowing for an imperfect power factor, the demand charge might be equal to the cost 
of operating for 20 days. With such a tariff, short-term operation above a previously 
established maximum demand is not to be undertaken likely. 

Another aspect of demand management in many plants is the daily variation of 
operating load. In many contracts, the power tarilf reflects the time of day. Running the 
cells at their full capability during periods of off-peak pricing and then reducing the load 
when the price increases can lower the total energy cost. This mode of operation can 
increase certain other running costs, and in all cases some of the plant investment lies 
idle much of the time. These effects are obvious parts of the economic balance that will 
have been made to define the optimum. Constant changes in operating load can affect 
the long-term operation of the cells. This effect may be subtle and hard to define, but it 
should be considered in the sensitivity analysis of any economic evaluation. 
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In some locations, the price of electricity varies every few hours during the day. 
A good process model of cell operation makes it possible to optimize the combination 
of current load and other operating conditions [23]. 

Power supply contracts, finally, have another aspect somewhat related to demand 
management. When problems arise in the generating plant or on the distribution grid, the 
utility supplier must curtail output. Users’ contracts will assign them certain priorities in 
these situations. Those with nonintemiptible contracts will be affected least. Another task 
of operating company management therefore is to decide whether to invest in a premium 
supply contract. 


8.4. CELL-ROOM AUXILIARIES 
8.4,1. Piping 

In the vicinity of the cells, we must add one more criterion for piping selection, that of 
low electrical conductivity. Attaching conductive piping to an electrolyzer certainly will 
increase stray current leakage and very well may create a hazard. Therefore, nonmetallic 
piping is favored. Once a safe length of such piping exists and carries its fluid some 
distance from anything in the electrical circuit, the designer may consider metals. In the 
hydrogen system, for example, nonmetallic risers may be joined to a metallic (carbon 
steel) header. Similarly, all utility connections to process lines should be through non- 
conductive sections. All lines carrying conductive liquids should have a solid ground 
connection before leaving the cell area. Section 12.7.2 discusses in a general way the 
connection of utility systems to the process. 

The use of nonconductive piping also adds a measure of personnel protection. This 
can be negated by leaks of conductive fluids or by fitting the piping with valves that have 
metallic stems and handles. 


8.4.1.1. Gases. The chlorine and hydrogen generated in the cells ultimately depend on 
some form of gas mover to force them through the process. Design of the piping system 
must cover the failure of the gas mover or any other part of the downstream process. 
Each gas line therefore should have some means of relief that at least allows an orderly 
shutdown of the cells. The appropriate sections of Chapter 9 cover these relief systems. 

Both gases also contain water vapor, in amounts depending on the process and the 
type of cell. This also is covered in Chapter 9. The point to be made here is that the 
piping should contain no pockets that allow the inadvertent collection of a liquid seal. 
This would put a backpressure on the gas line and disrupt cell operation. 

The condensate in the gas headers will be electrically conductive. Hydrogen con¬ 
densate will contain dissolved caustic entrained from the catholyte. Chlorine condensate 
will contain entrained salt and chlorine dissolved from the gas. 


8.4.1.1 A. Chlorine. Choices for chlorine include titanium, lined systems, and certain 
plastics. Titanium is not a satisfactory material for direct connection to the cells. It would 
make serviceable headers, but even there its investment cost has precluded its being a 
common choice. Ullman [24] points out in mitigation of the cost that, especially with their 
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large number of connections, headers fabricated of titanium are more serviceable and 
more easily repaired. With proper means for removing stray currents, titanium headers 
have been in service for more than fifteen years with no visible wear. When the cells and 
headers operate under positive pressure, titanium has the added advantage that design 
for resistance to pressure is easier and that the headers are less subject to catastrophic 
failure. With these advantages, the use of titanium is growing in new plants. 

Certain seamless extruded thermoplastics (e.g., CPVC) can be suitable when prop¬ 
erly supported but are limited in size. In all but the smaller plants, they are not available in 
the diameters required for chlorine headers. In the past, rubber-lined piping was used, but 
its service life was limited and it required more flanged connections than butt-connected 
piping. The standard choice for chlorine headers today is still FRR 

A wide choice of base resin is available in FRP piping. Isophthalic resins are 
perhaps the standard in most types of industry, but the chemical industry is more likely 
to use bisphenol A resins for their superior corrosion resistance. Such resins are widely 
used in chlorine plants, but in wet chlorine itself, vinyl ester and modified resins may 
give better results [25]. Talbot [26] rates modified bisphenol fumarates superior to the 
standard resins and to vinyl esters, but finds that chlorendic acid-based resins give even 
better results. A commercial example of this type is Hetron 197. Notwithstanding this 
recommendation, today’s plants frequently use vinyl ester resins. 

We must emphasize that FRP piping is a composite material. It comprises layers 
of different composition, usually assembled by hand lay-up. The quality of the various 
materials and the skill of assembly are vital factors determining the success of the piping 
installation. Figure 8.13 shows Talbot’s recommended assembly. 



FIGURE 8.13. Buildup of typical FRP laminate for chlorine service. 
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The interior surface of the piping is a high resin-content mat chosen for its corrosion 
resistance. The differences among the various resins referred to above are felt here, and 
the chlorendic resins excel in this service. This layer is usually wrapped with two plies of 
standard chopped glass mat to form the corrosion barrier [27]. The hot, wet chlorine reacts 
with the resin-rich layer, forming a chlorinated resin sometimes referred to as “chlorine 
butter.” Chlorine continues to penetrate the corrosion barrier for some number of years. 
The process is slowed by the inherent resistance of the resin and by the formation of a 
dense, hard butter. An important feature in chlorine piping is the addition of an additional 
layer of this resin (about 3 mm) for corrosion resistance. 

Outside the chemically resistant layers comes the structural portion, which is 
designed primarily for strength. The exterior surface of the pipe, again, is rich in resin 
and usually is opaque. Ultraviolet (UV) screeners should be used in outdoor piping 
to improve its weather resistance. When chlorine has a relatively high hydrogen con¬ 
tent, the barriers to UV and visible radiation can prevent photochemical initiation of the 
hydrogen-chlorine reaction. 

Fiberglass-reinforced pipe has the further advantage of a smooth inner surface. 
Pressure drops are lower than in iron pipe of the same diameter. In a carefully fabricated 
and installed system, the pressure drop could be less than half that found in iron pipe. 
Practically, a ratio of 0.6-0.7 is more likely [28]. 

Since condensate forms continuously in a chlorine header, there must be provisions 
for removing the liquid, and there must be no pockets where the liquid could collect and 
form a seal. 

Finally, cell room headers can be quite long, and expansion joints frequently are 
required. These must provide efficient seals and at the same time resist wet chlorine at 
cell temperatures. The inclusion of expansion joints in the main headers, which may be 
more than a meter in diameter, is problematical. Two desirable features of header design 
are simplicity and the absence of flanges. A particular problem with flanged joints in 
plastic piping is their weight, which complicates the problem of support. For this reason, 
producers may use sliding expansion joints fabricated from fluorinated polymers instead 
of standard metal bellows. Another report [29] describes a shrink-on bellows fabricated 
from FEP film with built-in convolutions. Support rings made of PFA prevent collapse 
under vacuum. Surface roughness of the header is taken up by applying a fluorosilicone 
sealant to the pipe and etching the FEP film to provide some roughness. The assembly 
is wrapped with EPDM elastomer applied over another coat of sealant and held in place 
by Monel bands. 


8,4.1. IB. Hydrogen. Low-pressure hydrogen is easily handled, but designers and oper¬ 
ators should be aware that there is always liquid in a hydrogen header. At its most 
innocuous, this is simply water that condenses as the gas cools. Entrained liquor from 
the cells can make the liquid in the pipe conductive. In a mercury-cell plant, there is the 
added complication of liquid mercury condensing in the lines. 

Hydrogen headers should be designed to drain from known points to collecting 
vessels, from which the liquid can be handled properly. Design of the receiving system 
should recognize that entrained hydrogen gas may be released over time, and there should 
be some way to vent it safely. 
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8.4.L2. Electrolytes, Their electrical conductivity makes electrolytes a special case in 
piping design. Stray currents will follow electrolytes regardless of the kind of piping 
used. Good design and layout can reduce this leakage, and several comments appear 
elsewhere in this book. To summarize: 

1. Long connections of low diameter between cells and headers have high resistance 
and oppose current leakage (Section 83.2.2). 

2. Restricting the maximum voltage in a cell line reduces the magnitude of the 
problem at the ends of the circuit (Section 8.3.2.2). Restricting the voltage also 
provides a higher degree of inherent safety (Section 16.4.2.1). 

3. Provision of two liquid headers between adjacent cell rows, rather than the more 
compact arrangement of a single header, avoids the mixing of two streams of 
greatly different potential (Section 8.3.2.2). 

4. Active metal targets in electrolyte headers can intercept leakage currents and 
prevent corrosion of piping and equipment. Leakage can also be prevented at its 
source by installing current brecikers that actually disrupt the continuous stream 
of liquid (Fig. 8.10). 

5. The ultimate in conservative header layout is to follow the electrical path, joining 
headers only at the neutral point of the circuit. Figure 8.9 shows arrangements for 
circuits containing two and four rows of electrolyzers. The latter is an expensive 
arrangement that can affect the elevation of the cells. Not many producers go to 
this length, but local regulations have sometimes required it. 


8.4.1.2A. Brine. The depleted brine leaving mercury and membrane cells is saturated 
with chlorine. The same sorts of materials used in wet chlorine gas systems are suitable 
here. Brine lines generally are smaller than chlorine gas headers, and there is more scope 
for the use of common thermoplastics. The chlorinated types are frequently chosen. 
Especially at the temperatures of depleted brine, mechanical properties are also very 
important, and proper support is essential. The reason for the superiority of CPVC over 
PVC in this application may have more to do with better physical properties than with 
improved corrosion resistance. For added strength, these materials are often wrapped 
with FRP. 

Laminated FRP pipe is also used in some applications. Some vendors will recom¬ 
mend chlorendic resins for depleted brine; some appear to have reservations over their 
stiffness. Vinyl esters are another candidate here, and the more highly crosslinked 
high-temperature grades are preferred [26]. 

Handling of feed brine is less demanding because of the absence of free chlorine. 
There is a wider choice of materials. It may be more economic to specify a cheaper 
construction for feed-brine lines, but it is often deemed more convenient to standardize 
and to use the material chosen for the depleted brine. This also reduces spare part 
inventories. 

Both feed brine and depleted brine are subject to contamination by compounding 
agents and processing aids contained in plastic piping. In membrane-cell plant design, 
materials must be chosen with this in mind. Section 7.5.5.3 has already covered 
this subject in the comments on materials of construction and the possibility of 
recontamination. 
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8.4.1.2B. Catholyte. Fiberglass is generally not a suitable material for strong alkalis. 
The caustic soda or potash produced in membrane cells is particularly corrosive. The 
resistance of fiberglass to NaOH attack is actually better at concentrations of 45-50%. 
The most corrosive form is a solution of approximately 25% NaOH. While fiberglass 
may be used at low temperature and concentration, then, it does not appear in cell room 
piping. Many users have adopted the fiberglass composites mentioned under depleted 
brine. These contain a thermoplastic liner wrapped with fiberglass reinforcement. There 
is still the possibility of external corrosion due to leaks. Diaphragm-cell liquor, especially 
when the lines collecting the overflow from the cells are fitted with current breakers, often 
is carried in carbon steel pipe. 


8A.2. Cell-Room Process Control 

This section describes the devices used for control of cell-room operation and considers 
the effects of the magnetic field associated with the high currents. Some control devices 
are automatic instruments, some are manually operated, and some are built into the 
electrolyzers. 

8A.2J. Control and Measuring Devices. Section 8.3.1.5 has already mentioned some 
of the instrumentation associated with the cell-room power supply. Current, voltage, 
power, and sometimes power factor are monitored. Process monitoring around the elec¬ 
trolyzers themselves is not highly sophisticated, but there may be a large number of 
instruments. Each electrolyzer may have more than one flow indicator and several tem¬ 
perature indicators. Many systems, including those based on large bipolar electrolyzers 
with many cells mounted on a frame, include individual cell voltage scanning and alarms. 
Deep acidification of feed brine in order to achieve low oxygen levels in the chlorine gas 
(Section 7.5.6.1) can require a number of pH loops. 

Operation of the electrolyzers requires control of concentrations, temperatures, 
pressures, and amperage. These requirements place demands on other operating vari¬ 
ables. Pressure control is in the gas headers, outside the cell installation proper. This 
is discussed along with instrumentation and control systems for the entire process 
in Chapter 11. 

The major types of cell all rely on the anode reaction 

2Cr ^ CI 2 + 2e 

To suppress the competitive formation of oxygen, it is necessary to hold some minimum 
chloride ion concentration in the anolyte. Feeding excess brine to the cells maintains this 
concentration. The fact that the feed brine is relatively cool also limits the temperature 
inside the cell. Concentration control is indirect, usually through feed rate control with 
the rate dependent on the operating amperage. Temperature control relies on adjustment 
of the temperature of the feed brine as well as its flow. 

Control of the flow(s) to each electrolyzer frequently is manual, with the aid of 
rotameters. This is especially true in monopolar installations with large numbers of 
electrolyzers. Monopolar diaphragm cells have essentially one chamber each for anolyte 
and catholyte and only one feed line (for brine). They rely on division of the feed brine 
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and the mixing action of the product gases to provide even flow to all the electrodes. 
In ELTECH’s MDC™ line of cells, shown in Fig. 5.23, brine rotameters or orifices in the 
feed lines to the individual cells provide equal flows to all cells, and multiple feed points 
through the cell head distribute the flow within a cell. Mercury cells have single brine 
feed lines and rely on the overflow weirs provided by the inlet end boxes to distribute 
brine across the cells. Membrane cells have many separate chambers for both anolyte 
and catholyte. Two approaches to distribution of flow among all chambers are: 

1. equalization of pressures at all chambers 

2. addition of a device at each cell whose pressure drop dominates the hydraulic 
balance (e.g., an orifice). 

It is of course important to control the total flow of brine and at the same time to 
control the flow to each electrolyzer. This is why brine header “flow control” often is 
in fact line pressure control (Section 11.2.2.4D). Maintaining a constant pressure in the 
line balances the flow into the header with the total flow to all the cells. It also allows 
individual electrolyzer feed rates to remain steady even through manually set valves. It is 
important that the cell room headers have very small pressure drops. This will cause the 
pressures at all control points to be essentially the same. In turn, the rates of flow to the 
individual electrolyzers will also be equal. Header pressure control also offers a simple 
way to make nearly instantaneous changes in flow to all the electrolyzers during startup, 
shutdown, or load changes. 

The caustic recycle flow to membrane cells is metered and distributed in essentially 
the same way as the brine flow. Manipulation of the extent of dilution of the caustic 
recycle also helps to control the concentration in the cells. With mercury cells, caustic 
production depends on the feed of water to the decomposers. Pure water is metered to 
each decomposer at a rate proportional to the operating load. 

Control of electrolyte flows is just one aspect of proper distribution across the entire 
electrode surface in the cell room. Achieving the desired total flow and the proper flow 
to each electrolyzer is part of process design. The steps taken to ensure good distribution 
internally are part of electrolyzer design, discussed in Chapter 5. 

Cell design must include some means of maintaining liquid levels in the face of 
changing amperages and electrolyte flow rates. This involves various overflow mech¬ 
anisms. Mercury and membrane cells have fixed overflow devices that hold the levels 
and fix the hydraulic capacities. Mercury cells depend on outlet end boxes, as shown in 
Fig. 5.7. Most membrane cells have overflows built into the electrode designs (Fig. 5.36). 
Diaphragm cells have adjustable overflows, because it is necessary to maintain levels in 
both the anode and the cathode chambers with a single device. Figure 8.14 shows a typ¬ 
ical arrangement, which relies on an adjustable percolation pipe assembly. The flow 
through the diaphragms depends on a hydraulic gradient between the two chambers. 
As the diaphragm ages and loses some of its porosity, this gradient must be increased. 
For this reason, diaphragm cell heads are quite large and allow variations in anolyte 
level. Lowering the position of the overflow pipe allows the level on the cathode side 
to drop but keeps the level on the anode side in the desirable range. The MDC-55 
(or the redesigned MDC-65), the largest cell in that series, has a sight glass nearly half 
a meter long (Fig. 5.23). In practice, the operator maintains the proper brine flow rate 
and observes the level of anolyte in the cell head. When flow through the diaphragm 
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Adjustable 

Connection 




FIGURE 8.14. Adjustable overflow for diaphragm cell. (With permission of ELTECH Systems Corporation.) 


decreases and that level tends to increase, the operator can lower the overflow pipe. The 
level of the catholyte then drops, and the increased head across the diaphragm increases 
the flow into the cathode chamber. 

Amperage is controlled at the rectifiers. There may be several electrical circuits 
among the cell rows, or only one. There are several reasons why more than one circuit 
might be used: 

1. operation can continue at a reduced rate when one circuit must be taken down 
for maintenance 

2. the available turndown is greater, allowing more efficient operation in times of 
low demand 

3. the voltage across a cell line is smaller, reducing insulation and protective 
requirements and perhaps increasing inherent safety 
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4. layout sometimes can be simplified 

5. reuse of rectifiers after conversion to membrane cells sometimes is more efficient 
when output is redistributed 

6. it is possible to operate different parts of the cell room at different currents. 

The last item on the list may be useful if some group of cells or their auxiliaries are 
damaged. For example, a local failure in control or in electrolyte flow may have caused 
selective damage, or one group of cells may tend to operate at a substantially higher 
voltage than the others. The latter may result from uneven maintenance or during a general 
cell renewal exercise after a major incident. Long-term or frequent operation of two 
groups of cells at different conditions is inefficient. With a single liquor circuit each 
for anolyte and catholyte, the usual arrangement, the best operating conditions cannot 
be maintained in both groups. This problem can be overcome, at a cost, by installing 
a second independent loop. 

Section 8.3.1.2 discusses rectifiers and Section 8.3,1.5 discusses current measure¬ 
ment. With high-amperage monopolar electrolyzers, more than one rectifier may be used 
on each circuit. Bipolar electrolyzers with their low operating amperages are not well 
suited to large rectifiers. This can be a problem when converting to membrane-cell oper¬ 
ation. Sometimes, rectifier modules can be rearranged to give a better division. In other 
cases, multiple electrolyzers are connected to the same rectifier and the output of the 
rectifier is allowed to distribute itself. Because of the inevitable differences in operating 
characteristics, the electrolyzers will not all draw the same current. Section 8.3.1.3C 
considers this in some detail. 

With all electrolyzers operating at the same voltage, the waste heat generated in 
each will be proportional to the current. The electrolyte flows required to maintain 
temperatures will be nearly so. A reasonable approximation to operation then is to 
proportion the rates of feed of brine and caustic to the currents. 


8.4.2.2, Effects of Magnetic Fields. Many of the chemical services in the cell room are 
difficult, but they are not qualitatively different from those in the rest of the process. 
The distinguishing feature for cell-room instrumentation design is the presence of the 
electrical field. 

Every current has associated with it a magnetic field that extends beyond the bound¬ 
aries of the equipment. Direct current, with a steady flow in one direction, produces only 
static magnetic fields. The field is strongest within the cell line, and its strength depends 
on the amperage. Some effects can be amusing (metal objects standing on end); some 
are inconveniences (stopped watches, erased magnetic strips on plastic cards). Others 
can be more serious, and limits on the exposure of certain personnel are the subject of 
Section 8.5.1.2. 

Cell-room magnetic fields also can influence electronic devices. The instruments 
chosen for the electrolysis area must be able to work in such an environment, and the 
quality of data transmission must be protected. A practice now finding its way into some 
cell rooms is the use of optical fibers to carry analog signals. 

Conroy and Cameron [30] report that the components most sensitive to static mag¬ 
netic fields are certain ferritic inductors. These are characteristic of some older systems, 
but newer PLCs, for example, appear not to be susceptible to interference. Still, behavior 
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in DC magnetic fields is not part of normal factory testing, and this sort of equipment 
should be tested on site. The field strength in the control room of a bipolar installation 
may be less than 50 gauss, but still the output of devices such as CRTs can be distorted. 
Single-color displays are the least sensitive, and liquid-crystal displays are not affected. 

Cell-room currents also can have indirect effects. For example, they can destroy 
instrument cable screens and so influence the signals received from the instruments. 

8.4.3, Cell Renewal Activities 

8.4,3.1. Switching. Electrolyzers must be switched out of an active circuit before disas¬ 
sembly or removal from their berths. After repair or replacement, they must be physically 
reconnected and then switched back into service. 

With a monopolar circuit, the usual technique is to employ a mobile switching 
device that can be brought into position adjacent to the appropriate electrolyzer. With 
diaphragm cells, this takes the form of a cabinet on wheels, placed in the aisle next 
to the cell. With membrane cells, the switch may be above, below, or beside the cell. 
Depending on the arrangement of intercell connectors, it may be necessary to switch 
two electrolyzers from the circuit, but the principle remains the same. 

The switching device contains enough conductor to present a low resistance to full 
line current. When the switch is closed, the current is shunted away from the electrolyzer, 
which can then be disconnected from the surrounding cells, its piping, and its instrument 
wiring. Figure 8.15(a) shows the arrangement schematically. 

Operation can continue indefinitely with the switch in place. Depending on its 
design and the amount of conductor present, water cooling may be necessary. Usually, 
economical operation requires prompt replacement of the removed electrolyzer. The 
renewal program should be organized to have a replacement available even when an 
electrolyzer must be removed in an emergency. 

Bipolar electrolyzers also require switching. Since they usually do not operate in 
series, a shunting device is not necessary, and the problem of shunting across large 


(a) (b) 



FIGURE 8.15. (a) Monopolar vs (b) bipolar switching. 
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voltages normally does not arise. The situation, depicted in Fig. 8.15(b), is fundament¬ 
ally simpler. Standard DC disconnects are installed between the rectifier(s) and each 
electrolyzer. Electrolyzers served by dedicated rectifiers can be taken out of service 
simply by shutting down the rectifier. 

Figures 3.1 and 3.2 of Chlorine Institute Pamphlet 139 [8] also show, in more detail, 
monopolar and bipolar switching arrangements. 


8.43.2, Transport. Whatever type of electrolyzer is in use, cranes will be part of the 
transport system. Requirements vary greatly from one sort of electrolyzer to another. The 
most imposing requirement is in the ordinary diaphragm-cell plant, where the entire cell 
must be lifted and moved. An ELTECH MDC-55®, for example, weighs about 7 tons 
when empty and 13 tons when full of liquor. The crane usually moves the cell from the 
circuit into the adjacent aisle and places it on a cart built for the purpose of transporting 
the cell to the renewal area, where it can be serviced or rebuilt. The replacement cell 
similarly is delivered near its spot in the cell line by the same sort of cart and then lifted 
and moved into place by the crane. 

Mercury cells are far too large to be moved in a similar manner, and the analogous 
job for a crane is the piecemeal removal of anodes from the top of a cell. 

Membrane cells again are more diverse in their design. In some cases, the crane 
moves entire electrolyzers. In others, notably the large bipolar electrolyzers, components 
or elements are the items handled. 

In any of these situations, a crane is required that has access to any position within 
the cell line. This usually takes the form of a bridge crane that spans at least one cell line 
or perhaps an entire building. 

Different components of a bridge crane must travel in all three directions. The bridge 
itself must be able to travel along the cell line to the position of any individual cell or 
electrolyzer. The lifting mechanism then moves on a trolley at right angles to the motion 
of the bridge in order to arrive directly above the object to be lifted. Finally, the hoisting 
apparatus travels up and down in order to gather the object in question and lift it from 
its position. The above discussion on the requirements presented by the three types of 
electrolyzer shows that the capacity of the lift and the design of the lifting rig are strongly 
dependent on the model of electrolyzer in use. There are few useful generalizations. 

The speeds of travel are more suited to generalization. The bridge and the trolley can 
move at reasonable speeds, about 1 km hr”^ and higher. Usually, the speed is chosen to 
allow a complete traverse in one to a very few minutes. Speed control may be continuous. 
The hoisting device travels much more slowly, usually no more than 1 m min“^. This 
allows some control of orientation of the device being lifted and prevents excessive 
swinging, which could lead to serious or catastrophic damage to some of the cell room 
components. Many hoists have two-speed controls with the lower speed only a fraction 
of the higher. Movement of the load near the cells then can be very slow. When the load 
is free of the cells and other obstructions, higher speeds may be acceptable. Hoists may 
also be supplied with limit switches. The lifting gear should straddle the center of gravity 
of the load. The design of electrolyzers usually includes proper placement of lifting lugs 
to facilitate this. 

Bridge cranes always have access platforms (with proper safety features such as 
railing, etc.), but normal operation is from floor level. Typically, control is by a set of 
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pushbuttons mounted on a pendant attached to the crane. The crane operator must then 
travel with the bridge, or motion stops. Voltage on the control set should be no more 
than 110 V. Other means of control of crane movement include radio and nonconductive 
rope operators. 

Cranes must have both mechanical and electrical safety features. The former should 
include emergency stops and fixed-position stops at the ends of the cell line. In general. 
Crane Institute Specification No. 49 should be followed. In fixing the electrical require¬ 
ments, the designer should consider the possible presence of hydrogen in the cell room. 
The crane should be protected against unintentional contact with live equipment. This is 
most likely when the lifting mechanism is being lowered or positioned for a pickup. Insu¬ 
lation at the crane hooks should be considered necessary but not sufficient. Good practice 
includes insulation between the lifting drum or mechanism and the traveling gear. 

Diaphragm-cell installations always include a cell rebuilding area separate from 
the cell room. It would be possible to transport cells entirely by crane, but it would also 
be unwieldy and very expensive. Transport by cart, as mentioned above, is the standard 
method. The mobility offered by this method gives great flexibility in choosing a location 
for the cell renewal area. The mover can be any general utility-type vehicle of sufficient 
capacity. Depending on the arrangement of the renewal area, the vehicle may have to be 
suitable for indoor use. 

Within the cell renewal area, components may be handled in many different 
ways. Building cranes are available in some cases. In others, jib cranes move assemblies 
over short distances. Smaller assemblies and components are moved by monorail, cart, 
or hand. 

The momentum of the load is an important consideration in operation of any trans¬ 
port device. A sudden stop to a crane will cause the suspended load to swing. Transport 
wagons need adequate braking capacity. 


8.5. CELL-ROOM HAZARDS 

Chlor-alkali plant hazards are many and varied [31], and the least familiar to most 
chemical-industry technologists are those associated with the cell room. Section 8.2.2.4 
refers to standard rules and practices that apply in the immediate vicinity of the cell 
line. Chapter 16 and other sections discuss more generally the various hazards and 
the measures taken to overcome them. Workers must be well trained to cope with this 
variety, and the good safety record of the industry demonstrates the success of its training 
programs. Outsiders (e.g., contract maintenance personnel, equipment specialists, design 
engineers, plant visitors) may not be familiar with the necessary safe practices. It is 
important, therefore, to restrict access to parts of the plant and to provide the appropriate 
training or knowledgeable guides before allowing entry to such people. 


8,5. L Electrical Hazards 

The hazards characteristic of a cell room are the electrical hazards. These carry the 
danger of electrocution and other damage to the human body, and they play a role in 
some of the thermal and explosion hazards. The thermal hazard of hot buswork has 
in fact been responsible for more injuries than the electrical hazard. Chlorine Institute 
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Pamphlet 139 [8] and a standard published by the National Fire Protection Association 
in the United States [32] are much more detailed than this brief presentation and also 
contain recommended procedures and safety checklists. 

Outside the cell room itself, the transformers and rectifiers may be indoors or 
outdoors but always are enclosed to restrict entry to their immediate vicinities. The 
hazards are the high supply voltage itself, the possibility of explosion, and the risk of 
flash bums in case of a ground fault. The maintenance of this equipment and associated 
circuit breakers, switches, and relays is a subject for specialists, and other personnel 
should not enter the enclosures while equipment is activated. 

8.5.1.1. Voltage and Shock Hazards. Inside the cell room, it is a practical necessity for 
operators to come into contact with live parts. Since some of the usual safety measures 
against electriced hazards do not apply, special codes of practice have been formulated. 

It is essential that a line of cells be isolated from the ground (except perhaps at 
the center point of a circuit). It follows that cell-room personnel inside the working 
zone must also be insulated from the ground. Personal protective equipment includes 
insulating mbber boots and gloves. With time, these can develop faults, and it is good 
practice to test them regularly for defects. This can be done with a portable hand-cranked 
generator that develops a voltage between its terminals and allows the measurement of 
the resistance of any object added to form a circuit. Standard apparatus is available and 
can be assembled into a permanently installed tester. 

Workers should also be aware that allowing other parts of the body to touch a 
grounded conductor while wearing boots and gloves removes one layer of protection. 
Designers must ensure that all routine work can be performed comfortably from a normal 
standing posture and without the need to stretch across any part of the electrical circuit. 
Kneeling, sitting, and reclining remove the protection offered by insulating boots. Any 
work performed in such positions requires a circuit shutdown or specific protective 
measures such as the use of insulating mats. Emergency work and any work requir¬ 
ing a number of people demand special attention to avoiding congestion. Without this 
attention, workers are more likely to be crowded together, too close to live surfaces or 
grounded implements, or working in contorted positions. 

Under ideal circumstances, the potential at the center of a circuit will be zero and 
the magnitude of the potential at each end will be half the total. A cell line, however, is 
liable to ground faults, and the limiting case would be a hard ground at one end, near 
the rectifiers. The potential relative to the ground would be zero at this point and the 
full circuit voltage, above or below zero, at the other end. This situation is one reason 
for recommending ground fault detection for the DC circuit. System design and work 
practices should always consider this limiting case. 

More than one level of insulation is advisable in order to keep the electrolyzers from 
the ground. Nonconductive supports usually comprise one level. Designers and operators 
must also be aware that normal operation can bring many grounded objects into the 
working zone. These include certain tools, jumper switches, crane hooks and cables, cell 
transport vehicles, instruments, piping, and utility hoses. The necessary precautions will 
depend on the nature and design of the object. Proper insulation is prudent but should not 
be considered sufficient protection. Frequent inspection or testing of insulation is a good 
practice. Operators should be alert for insulation that is wet or coated with electrolyte. 
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Another important consideration is the potential gradient along the cell line. Bipolar 
electrolyzers are often described as high-voltage, low-amperage items, with mono- 
polar electrolyzers the reverse. The high voltage across bipolar electrolyzers does 
not necessarily translate into a high cell-room voltage. Monopolar circuits, with a suffi¬ 
cient number of cells in series, often run at higher voltages. It is always true, however, 
that the potential gradient is steeper along a bipolar electrolyzer than it is along a mono- 
polar row. Adjacent monopolar cells, equivalent points of which are some distance apart, 
differ only by three or four volts. The same potential difference in a bipolar circuit occurs 
across a much smaller distance, the thickness of a unit in the bipolar assembly. It is pos¬ 
sible for someone to touch two positions in a bipolar electrolyzer that are separated by 
a significant number of cells. The voltage across two such positions may constitute a 
hazard that does not exist in monopolar cell lines. There should be positive protection 
against the hazard, and it is usually in the form of a screen of transparent plastic. 

Air is an excellent insulator and should be used as such in design. Proper spacing 
of items that have widely different electrical potentials is imperative. Personal protective 
equipment mitigates hazards and reduces the severity of accidental exposures, but it 
should not be relied upon as the primary defense against a hazard. Most designers provide 
at least 2 m between cell lines and between cells and unprotected grounded steelwork. 
The spacing must also allow for conductive mechanical aids, which should not be able 
to bridge these gaps. Since the purpose of the wide spacing is to prevent simultaneous 
contact with two conductors or capacitances at widely different potentials, it is also a 
good idea to walk single-file in aisleways and to eliminate any supporting columns in 
their design. 

Cell rooms usually are not electrically classified. The possible release of hydrogen 
would be the reason for such classification, but it is present at very low pressure and 
dissipates rapidly and over very short distances. Proper ventilation, as discussed in 
Section 8.2.3, is necessary to this rapid dissipation. Hydrogen concentrations may be 
higher near the roof of the cell building. Many designs therefore eliminate electrical 
contacts at high levels and include extra protection in lighting fixtures. 

A mitigating circumstance in a cell line is the fact that direct currents are less 
dangerous than alternating currents at the usual supply frequencies [16,33]. It takes 
at least four times the amperage to produce a given effect with direct current. In the 
dangerous range, the Chlorine Institute [8] uses a factor of seven. Very high frequency 
alternating currents are also “safer”; the most dangerous frequencies are in fact close to 
those chosen for transmission of ailtemating currents (there is a very broad maximum that 
peaks at 30-50 Hz). The high currents in a cell room do not in themselves constitute a 
shock or electrocution hazard. True, it is current that harms the body and can kill a person, 
but that current is produced by a difference in electrical potential. Potential differences 
occur between adjacent electrolyzers, electrolyzers in adjoining rows, and electrolyzers 
and the ground. Add to the cells all conductive objects in contact with them, such as 
buswork and intercell conductors, and there are many opportunities for accidents. 

Most cell-room designs avoid the use of electrical equipment within the working 
zone. Mercury pumps have already been identified as a necessary exception. Mobile 
equipment (e.g., switches and monorails devices) frequently has air drives rather than 
motors. Electric motors, when used, should have isolating transformers in both the power 
and the control circuits. 
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8.5,1,2, Electromagnetic Field Hazards, Electromagnetic fields (EMFs) are present in 
and around cell rooms. Section 8.4.2.2 discussed the effects of magnetic fields on 
instruments. We must also consider possible effects on the human body. First, one 
must say that electrolysis area EMFs are much weaker than those shown by medical 
research to be dangerous and that no adverse effect on cell room workers has ever been 
established [34]. There is evidence that continued exposure to a steady magnetic field 
can lead to higher blood pressure and a lower white cell count [35]. The effects, if real, 
are said to be “very small” and not of any great practical effect. There has also been 
some public concern over the possible effects of the magnetic fields associated with 
high-power AC transmission lines. Many studies in various parts of the world, however, 
have not related any of the supposed ill effects to the fields [36]. Direct currents, as 
mentioned, produce primarily static magnetic fields and so are in any case less likely to 
have deleterious effects. 

In 1991, Adams [37] reported on measurement of the fields generated by various 
types of cell operating between 60 and 120 kA and found that the fields were well within 
the limits recommended at that time. Mean levels at different elevations in all plants 
were between 45 and 90 G, and all 600 readings were below 200 G. The gauss (G) is 
the cgs unit of magnetic induction (flux density). In a field of 1 G, a conductor of unit 
length moving at unit velocity perpendicular to the field will experience an induced emf 
of one abvolt (1 abV = 10~^ V). The threshold limiting value (TLV), as recommended 
by the American Conference of Governmental Industrial Hygienists (ACGIH) in 1998, 
was 600 G (whole body, time-weighted average), with a ceiling value of 20,000 [37]. 
Given the fact that workers spend only a limited amount of time in the center of the cell 
circuit, the average exposure would seem to be below 10% of that allowed. One should 
note that all Adams’s data apply to monopolar cells. 

While the data gave little reason for concern over the exposure of the general 
population to the field in a chlor-alkali plant, it is possible for the field to interfere with 
the operation of low-power electronic devices. Cardiac pacemakers are one example. The 
ACGIH in the same list of TLVs referred to above suggested a value of 5 G for persons 
with these devices. Adams reported that one company had set its own limit of 1 G. Since 
this is a small multiple of the normal background, the rule effectively bars those with 
pacemakers from approaching a cell room. While not covered specifically by these rules, 
there should also be special concern for those who wear or carry other medical devices 
such as aneurysm clips, suture staples, and prostheses. These can respond to forces 
produced by stronger fields, but no definite limits have been set. 

Recent developments, particularly in Europe, may lead to more stringent regula¬ 
tions. To understand the situation, it would be well to review the characteristics and 
sources of the various types of field. Fields may be classified as electric or magnetic and 
as static or variable. Their sources are: 


Field 

Static 

Variable 

Electric 

Magnetic 

Charged conductor 

Current flow in conductor 

Alternating voltage or current 
Alternating voltage or current 





CELL-ROOM DESIGN 


759 


Static fields store energy and can influence conductors and moving charges, but they emit 
no radiation. Variable electric and magnetic fields are interdependent. An alternating field 
of one type produces an alternating field of the other type, with the same frequency. Some 
of the energy produced radiates away from the source. Higher frequencies have greater 
ratios of radiated to stored energy. The differences among the various types of EMFs 
require us to consider their potential health effects separately. 

8.5.1.2A. Static Fields. A static electric field results from forces exerted at the molecular 
level when a conductor becomes charged. It induces a charge on an exposed person, but 
the field inside the body is almost zero. Except for the shock of charging or discharging, 
there are no known effects of static electric fields on humans or animals [37]. 

Static magnetic fields arise when current flows in a conductor and exert forces 
on moving ions in solution (as in the blood). When people move through magnetic 
fields, currents may be induced in blood or living tissue, in accordance with the Faraday 
laws of induction. This is the only postulated mechanism that might produce significant 
biological interaction [38]. Magnetic fields conceivably also can affect the orientation 
of polar molecules within the body. Theoretical studies indicate that such effects are 
negligible below about 10 tesla (T). A tesla being equal to 10,000 G, this is orders of 
magnitude greater than the strength of typical cell-room fields. 

Several studies of specific postulated effects have shown no relationship with static 
magnetic fields: 

1. leukemia mortality [34,39] 

2. incidence of cancer, general mortality [40] 

3. nineteen other categories of disease [39]. 

Slight changes in white blood cell pictures were detected in workers in electrolysis areas, 
but as in Marsh’s work [35] quoted above, results were still within the normal range [39]. 

8.5.1.2B. Time-Varying Fields. Variable fields interact with living tissue in several 
ways: 


Direct action 

Indirect action 

Absorption of energy^ 

Contact currents 

Coupling to low-frequency electric fields 

Medical devices 

Current 


Polarization 


Reorientation of dipoles 


Coupling to magnetic fields 


Induced fields 


Circulating electric current 



^ Negligible absorption at low frequencies; no measured 
temperature increase below 100 kHz. 


A uniform direct current will not produce a variable field, and problems would 
not arise. As discussed in Section 8.3.1.3A, however, cell room currents are not 
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uniform. Even a perfect rectifier produces a pulsating current of frequency «/, 
where n is the number of rectification pulses and / is the fundamental frequency 
of the electric supply (e.g., 50 Hz). A real device will also produce various har¬ 
monics of the fundamental frequency. Each harmonic current will produce a vari¬ 
able EMF. The more comprehensive regulations cover a wide range of frequencies 
and specify the maximum allowable flux density as a function of the frequency. 
Because of the higher energy content of high-frequency fields, there is an inverse 
relationship. Chart 4.3.2 of the Euro Chlor publication [34] shows the expos¬ 
ure limits published by the International Commission on Non-Ionizing Radiation 
Protection (ICNIRP) and five other authorities (in Europe, Great Britain, Ger¬ 
many, The Netherlands, and the United States). This chart is a graph showing the 
allowable maximum flux density as a function of frequency. There is a near con¬ 
sensus, with the range at a given frequency generally covering about one order of 
magnitude: 


Frequency (Hz) 

Range (mT) 

1 

20-100 

10 

1-10 

100 

0.1-1.5 

1,000 

0.01-0.5 

10,000 

0.01-0.2 


More significant than the differences in allowable exposure levels is the use by some 
authorities of summation formulas. A recommendation put forward by the European 
Council [41] follows ICNIRP’s proposal. The summation formulas are somewhat arbit¬ 
rary. ICNIRP’s approach [42] is to express the field strength for a relevant frequency as 
a fraction of the reference limit at that frequency. Thus, 

Fun = Hn/Hun (42) 

where F is the field strength as fraction, //„ the magnetic field strength at nth frequency, 
and //L,n the magnetic field strength at nth frequency reference limit. 

ICNIRP’s requirement then is 


pHn < 1 


Similarly, for variable electric fields. 


Feh — Ffi! E]^^n 

Y,FEn<l 


(43) 


(44) 

(45) 


The meanings of the symbols in Eqs. (44) and (45) are analogous to those in Eqs. (42) 
and (43), with E referring to electrical rather than magnetic fields. 
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It can be seen that the ICNIRP method effectively considers that a flux density that 
is 50% of the allowable limit at a given frequency has used 50% of the total allowance. 
A second occurrence at another frequency would consume the rest of the allowance, 
and any field, however small, at any other frequency would then cause a violation. 
Dutch regulations apply the same summation formulas as ICNIRP but use different 
values for the reference limits. In the United Kingdom, the National Radiological Pro¬ 
tection Board uses its own values of reference limits and also applies its own summation 
formula [43]. 

Carrying out the summation over a wide range of harmonics allows only a small 
fraction of any individual limit to be present. This approach effectively makes a very 
large reduction in allowable flux densities and field strengths. The Euro Chlor report [34] 
concludes that “(Ohe limit concerning the multi-frequency magnetic fields will become 
a major problem for working places in electrolyses if the regulation is based on the 
ICNIRP proposals.” Measurements in a typical cell room show that what is now the 
routine and necessary practice of operator entry to the cell line would in many cases be 
prohibited. 


8.5.2. Chemical and Explosion Hazards 

The major chemical hazard in a cell room is the presence of chlorine, and stringent 
precautions must be taken to keep the concentration of chlorine gas in the air very 
low. The American Industrial Hygiene Association [44] publishes emergency response 
planning guides (ERPG) for toxic materials. Table 8.6 shows the data for chlorine 
based on an exposure time of 1 hr. Concentrations below 1 ppm are not a serious 
danger if exposure time is short. Concentrations above 20 ppm become dangerous very 
quickly. 

One does not design a cell room to achieve a certain steady-state or 1-hr peak 
level of chlorine concentration in the air, nor does one attempt to establish a priori 
a tolerable exposure profile for plant personnel. Tables such as 8.6, in spite of the 
apparent precision of the numbers, are really qualitative or at best semi-quantitative 
indicators of the seriousness of a hazard. Designers of chlorine-handling plants must 
exercise proper care by designing to recognized industry standards, and operators 
must understand and observe established procedures. There is more on this subject 
in Section 16.2.1. 


TABLE 8.6. Effects of Exposure to Chlorine for 1 hr 


ERPG" 

Level (ppm) 

Definition 

1 

1 

Very few people suffer even mild, transient 
health effects 

2 

3 

Very few people suffer irreversible or other 
serious health effects or symptoms that could 
impair ability to take protective action 

3 

20 

Very few people suffer life-threatening 
health effects 


"ERPG, emergency response planning guide. 
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Product Handling 


The first three sections of this chapter discuss the processing and handling of the 
products of electrolysis. Section 9.1, related to chlorine, comprises most of the chapter. 
Sections 9.2 and 9.3 then cover hydrogen and caustic soda or potash. Section 9.4 discusses 
applications of several byproducts that are sometimes found useful. 


9.1. CHLORINE 
9.7.7. Introduction 

Chlorine gas from the electrolyzers is hot and nearly saturated with water. As delivered 
downstream, it contains various impurities that form in the cells or enter during pro¬ 
cessing. The major steps in the typical chlorine gas plant, as was shown in Fig. 6 . 6 , are 
cooling, drying, compression, and liquefaction. The present section covers these steps 
in turn, as well as the handling of the product and of any chlorine not recovered by 
liquefaction. 

The selection of materials of construction is very important in chlorine processing, 
and the requirements change greatly from one section of the process to the next. 
A chlorine processing plant therefore uses a wide variety of materials. In particular, 
there is a distinction between dry and wet chlorine. The discussion therefore starts with 
an overview of this important topic (Section 9.1.2). 

The first step in the gas process is cooling. Direct or indirect exposure to a cooling 
medium brings the gas to a lower temperature. This incidentally condenses most of 
the water vapor. The condensate must be treated to remove dissolved chlorine before 
disposal or return to the electrolysis process. Section 9.1.3 discusses chlorine cooling 
and condensate handling. 

Even at the lower temperature, the gas is too wet for many applications. In the next 
step, contact with concentrated sulfuric acid, usually at about 93-98% H 2 SO 4 , produces 
a moisture content below 50 ppm (v/v). The process dilutes the acid to a concentration 
between 50 and 80%. This spent acid then goes to disposal or reprocessing. A lower spent 
acid strength reduces the consumption of acid and the amount of spent acid produced, 
but the final concentration must be suited to the methods used for disposal or recovery. 
The spent acid, like the condensate removed from the cooling section, contains dissolved 
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chlorine that must be removed. Section 9.1.4 discusses the problems of chlorine drying 
and acid handling. 

There is always a certain amount of entrained liquor in the gas leaving the cells. 
This is in the form of a mist that has been known to survive beyond the gas coolers 
and into the drying system, and deposits can form in the chlorine piping and processing 
equipment. Also, the sulfuric acid used in the drying system is notorious as a source of 
mist that can interfere with the performance of downstream equipment. Mist eliminators 
installed both before the coolers and after the drying towers alleviate these problems. 
Section 9.1.5 covers this subject. 

The dry gas, still at approximately atmospheric pressure, can be handled safely 
in mild steel equipment. Particularly with membrane cells, which can operate under 
some positive pressure, the gas, wet or dry, is suitable for some applications. In most 
cases, however, the next step will be compression. The pressure must be raised to a level 
sufficient for liquefaction at a reasonable temperature or for direct use as a gas in another 
process (e.g., the manufacture of ethylene dichloride). Operating conditions and the 
apparatus used for compression are highly variable and are the subject of Section 9.1. 6 . 

Roughly half the world’s chlorine is liquefied for sale or transfer to another process. 
Liquefaction usually involves condensation against a boiling refrigerant, in which case 
a mechanical refrigeration plant is required. The liquefied chlorine is stored in some 
quantity and is then transferred to its client process or loaded for shipment. Section 9.1.7 
covers liquefaction and Section 9.1.8 the storage and handling of the liquid. 

The presence of noncondensable gases in the chlorine means that liquefaction is 
always incomplete. These gases leave the process and carry a certain amount of chlorine 
with them. This “tail gas” must be treated to remove the chlorine before it can be 
disposed of by venting it to the atmosphere. The chlorine value can be converted to a 
salable product such as bleach, HCl, or FeCls. It also can be recovered as elemental 
chlorine by absorption in a solvent followed by stripping. In some cases, it is simply 
absorbed in an alkaline medium and then treated for disposal. Section 9.1.9 covers the 
subject of tail gas handling. 

The next two sections discuss protection against process hazards that are peculiar 
to chlorine processing. Section 9.1.10 covers emergency pressure relief both before and 
after the compressors. An important part of the discussion covers the design and operation 
of vent scrubbers to prevent the release of chlorine to the environment. Section 9.1.11 
is dedicated to the explosion hazards presented by hydrogen and nitrogen trichloride. 
The sources of NCI 3 are discussed, as well as its fate in the process. This includes the 
mechanisms of accumulation and safe decomposition. 

Section 9.1.12 briefly considers the handling of intermittent, nonprocess streams. 
These arise from the evacuation of equipment and shipping containers, purging of lines 
before maintenance, and similar activities. 

Between the electrolyzers and the cooling plant, the gas is sometimes boosted in 
pressure. This improves performance and helps to reduce contamination by atmospheric 
air but requires special equipment. The gas will be transported in large pipes, which may 
have special provisions for the removal of condensate. There will also be some means 
of pressure relief in case of a shutdown in the gas process. This usually is in the form of 
a water-filled seal that vents to a caustic scrubber. The pipework conventionally is FRR 
It was discussed in some detail in Section 8.4.1.1 A. 
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9.7.2. Materials of Construction 

Chlorine is a notoriously corrosive material, but that reputation is due entirely to its action 
in the wet state. Any gas that escapes confinement must be considered wet, and so the 
possibility of external corrosion is a design consideration wherever chlorine is handled. 
The subsections below that describe chlorine processing generally mention the materials 
of construction of major equipment. In addition, Euro Chlor publishes a pamphlet [1] 
and a spreadsheet [2] that give detailed recommendations for most systems. The former 
discusses the limitations and safe operating ranges of the various construction materi¬ 
als. The information in Table 9.1 is taken from Section 4 of the Euro Chlor pamphlet. 
Corrosion resistance is only one of the factors involved in the selection of materials of 
construction. The table therefore is a guide only and should be used only in conjunction 
with the information contained elsewhere in the pamphlet, this book, and technical and 
manufacturers’ literature. The temperatures given in the table are maximum values with 
no safety allowance applied. 


TABLE 9.1. Corrosion Resistance in Chlorine Service 


Material 

Conditions of service 


Wet 

chlorine 

Dry chlorine 

Gas" 

Liquid 

Non-alloyed steel 

N 

G to 120“C 

G 

Stainless steels 

N 

G to 150°C 

G 

Nickel 

N 

G to 500°C 

G 

Inconel 

N 

Gto400-500°C 

G 

Monel 

N 

G to 350°C 

G 

Hastelloy C 

P 

G to 400-500°C 

G 

Aluminum 

N 

N 

N 

Copper 

N 

Gtol50°C 

G 

Silver 

P 

Gto200°C 

G 

Titanium 

G 

N 

N 

Tantalum 

G 

G to 150°C 

G 

Brickwork 

G 

G 

N 

Enameled steel 

G 

G 

N 

Ebonite 

G 

A 

N 

Synthetic rubbers 

A 

A 

N 

Silicones 

N 

N 

N 

PVC 

Gto 60°C 

Gto 60°C 

N 

CPVC 

Gto SO^'C 

0 

00 

0 

0 

n 

N 

Polyethylene 

> 

0 

0 

0 

n 

A to 30°C 

N 

Polypropylene 

A to 30°C 

A to 30°C 

N 

PTFE 

G to 200°C 

Gto200'’C 

A 

PVDF 

G to 140°C 

Gtol40°C 

N 

FRP 

Gto 90°C 

Gto 90°C 

N 

Graphite 

A 

G 

N 


" Less than 20 mg H20/kg CI2. 

Notes: Abbreviations: G, good; A, acceptable; P, poor; N, not to be used. 
Source: )^th permission of Euro Chlor. 
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The Euro Chlor spreadsheet gives the characteristics of various metals, plastics, 
and other materieds in both dry and wet chlorine. It also lists international and specific 
national standards that apply to vessels, piping, flexible hoses, gaskets, and valves and 
their component parts. 

Dry chlorine reacts combustively with many metals, and each of these has a max¬ 
imum service temperature that must not be exceeded. Carbon steel is generally considered 
serviceable up to about 120°C. Many other metals have maximum service temperatures 
in the 100-150°C range. Stainless steels are good up to 150-250°C, the limit depend¬ 
ing primarily on the nickel content of the steel. Alloys with higher nickel contents can 
tolerate higher temperatures. Thus, Monel can be used up to about 350^C, Hastelloy C 
and most Inconels at 400'^C and higher, and nickel itself at 500'^C. Hastelloy C has the 
added advantage of being able to resist chlorine that contains traces of moisture, and 
nickel has the disadvantage of its inferior mechanical properties. 

Table 9.1 shows that the corrosive behavior of chlorine depends fundamentally on 
its water content. Titanium is the only common metal that resists wet chlorine, and it is 
the nearly universal choice in sections of the process. Titanium is an active metal, and its 
corrosion resistance depends on the maintenance of a passivating layer of oxide on 
its surface. The bare metal reacts rapidly and exothermically with dry chlorine: 

Ti(s) + 2Cl2(g)^TiCl4(l) 

The product of the reaction is a liquid with some volatility (boiling point 135°C). It 
tends to evaporate from the surface, exposing it again to the action of chlorine, and the 
reaction accelerates to the point of combustion. 

When the chlorine is wet, there is a second reaction: 

TiCUd) + 2 H 20 (g) ^ Ti 02 (s) + 4HCl(g) 

This reaction is very fast, and the solid product forms the protective film. When there 
is sufficient moisture, therefore, the film forms rapidly and protects the surface from 
further reaction with chlorine. Section 9.1.3.5 discusses the conditions necessary to 
keep the film in good repair. Disappearance of the film most is frequently due to a low 
water content in the chlorine. The excessive dryness in turn usually results from too low 
a temperature, which allows some of the water to condense from the gas. When using 
titanium, therefore, one is in the unusual position of being more concerned with low than 
with high temperatures. Infrequent operations may require extra attention or special 
measures. Stroking a valve, for example, subjects the film on its stem to mechanical 
wear. Higher humidity may be necessary to counteract this. Similarly, an intermittently 
used wet-gas blower with titanium components may lose some of its protection when 
on standby, especially in cold weather. Spraying water into the gas increases humidity 
while reducing the temperature, providing an extra safety margin below the combustion 
temperature. 

The materials of construction used in wet chlorine service are not required for dry 
chlorine and may even be unsuitable. The metal of choice in dry chlorine service usually 
is carbon steel. Within the chlor-alkali process, the maximum service temperature is of 
concern only in the compression area. Section 9.1.6 describes the design precautions 
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that are necessary. In some of the applications of chlorine, not described in this book, 
process temperatures exceed the maximum safe temperature for carbon steel, and other 
materials of construction become necessary. Ordinary carbon steel also has a low limiting 
temperature. Below about —29°C, it is subject to brittle fracture. Low-temperature grades 
therefore are necessary in liquefaction (Section 9.1.7) and liquid storage (Section 9.1.8) 
systems. 

The resistance of carbon steel to corrosion by chlorine depends on a dense film of 
ferric chloride on the surface of the metal. Therefore, to understand the behavior of iron 
exposed to chlorine and the need for low moisture content, one must be familiar with the 
physical chemistry of FeC^. The chemistry is complex because of the existence of five 
different hydrates. These contain 2,2.5,3.5,6, and 10 molecules of water. The corrosion- 
resistant layer can be ferric chloride or one of its hydrates. So long as the partial pressure 
of water in the gas phase is lower than the vapor pressure of the relevant hydrate and 
the temperature is lower than its melting point, the resistant layer remains intact. If the 
temperature is too high, the film simply melts. If the partial pressure of water is too high, 
the hydrate picks up more water and can dissolve. In either case, a concentrated solution 
of FeCls forms on the metal surface. This is a strong oxidizer as well as a strong acid and 
so is highly corrosive to most metals. In 45% FeCl 3 , the corrosion rate of carbon steel 
is 150-200 mm yr“^. Such a rate would dissolve exchanger tubing or remove a normal 
wall corrosion allowance within a week. 

Figure 9.1 shows a phase diagram for FeCl 3 and water [3]. The hydrates correspond 
to the congruent points on the equilibrium curve. Figure 9.2 shows the vapor pressures 
of the hydrates as functions of reciprocal temperature [4]. The points marked E and 
Tm correspond to the eutectic and congruent points on Fig. 9.1. To avoid destruction of 
the protective layer, operating conditions must remain below the irregular dotted line 
connecting those points. Euro Chlor tests, as reported by Westen [5], verified the vapor 
pressures of the various hydrates and showed that the electrical resistance of the FeCl 3 
deposit dropped abruptly when the partial pressure of water in chlorine gas exceeded 
the vapor pressure. In practice, this means that carbon steel is a suitable material of 
construction for gaseous chlorine with a partial pressure of water less than 1 mbar over 
the temperature range between —20 and 120°C. This is the range of conditions suggested 
by Westen, and Fig. 9.2 shows that it is conservative. Note that the pressure is equivalent 
to about 1000 ppm (v/v) water when the total pressure is 1 atm. Normal operation of the 
drying system produces a gas well below this limit (Section 9.1.4.2). 

The protective film may also be disrupted by the presence of a reactive substance 
such as oil or grease. The system, as well as the chlorine itself, must be scrupulously dry 
and clean and free of reactive materials. 

In liquid chlorine service, discussed in Section 9.1.7, the same equilibrium consid¬ 
erations apply, but there is also the danger of damaging the protective layer by erosion 
if velocities are too high. Accordingly, pipeline velocities should be no greater than 
2ms“^ and in long-distance lines no greater than 1 ms“^ [6]. The effects of velocity 
are aggravated by high water content. The data of Hammink and Westen [7] appear 
below. Corrosion was very slow for all velocities when the water content was below 
about 11 ppm H 2 O. 

Before the advent of titanium and fiber-reinforced plastics (FRP), such materials 
as stoneware, concrete, rubber, impregnated carbon, and thermosetting resins were used 
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% FeCb 

FIGURE 9.1. Phase diagram for FeCl 3 -water. 
Corrosion Rate of Carbon Steel Piping at 25'^C, mm/yr 



Liquid velocity 

(ms ^) 

Water content (ppm) 

0.1 

1.5 

2.0 

19 

0.3 

1.0 

1.6 

24 

0.9 

1.8 

2.7 


widely in chlorine service. Some applications remain, but most have gradually been 
phased out. Nonmetallic construction is now mostly in various thermoplastics and FRP. 
The thermoplastics find most use in piping and small parts (Section 9.1.8.3). FRP is used 
in piping, notably in cell-room headers, but also has many other uses [8]. These include 
acidic and caustic brine piping, chlorinated brine piping, diaphragm-cell head covers, 
chlorinated brine tanks, chlorine scrubbers, and HCl tanks and piping. 
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FIGURE 9.2. Vapor pressures of FeCl 3 solutions. 


9.1.3. Cooling 

Chlorine is produced as a hot, wet cell gas. Its temperature leaving the cells usually is 
greater than 85°C, and it is saturated with water at its vapor pressure over the anolyte. 
Nearly all applications require cooling of this gas, which causes partial condensation of 
the contained water vapor. Two basically different methods of cooling are in common 
use, based on direct and indirect contact with the coolant. These are dealt with in 
Sections 9.1.3.3 and 9.1.3.4. Before considering these techniques, we review methods 
of calculation of heat-transfer rates and the effects of simultaneous mass transfer on the 
heat transfer process (Sections 9.1.3.1 and 9.1.3.2). 

It is important to minimize the amount of water sent to the drying process. The 
available cooling water temperatures in much of the world are too high to allow the 
operator to remove as much water as desired. Most large-plant chlorine cooling systems 
therefore have two exchangers in series, with the second cooled by a stream of chilled 
water. 


9.1.3.1. Heat Transfer Calculations. Engineers are accustomed to dealing with rate 
coefficients and temperature differentials in their heat-transfer calculations. The heat 
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transferred in a differential section of an exchanger is, in terms of these quantities 

d0 = f/ArdM (1) 


where 

dQ — heat transferred in unit time 
U = coefficient of heat transfer 

At = temperature differential between the phases transferring heat 
dM = measure of the size of a section of the apparatus 

In the more familiar indirect-transfer process with a surface interposed between 
the two phases, dM becomes the area dA. Along a differential length dl of a tube of 
diameter D, for example, dA = ttD d/. In indirect transfer, we usually express the rate 
in terms of the active volume of the apparatus, and dM = dV. In a cylindrical column, 
dV =JTD^dl/4. 

Any heat-transfer problem can be handled by working through the apparatus section 
by section, calculating appropriate values of U and Af at each step. In well-behaved 
systems, U and At vary little or in mathematically tractable ways from end to end. 
In such systems, the coefficient U can usually be assumed constant, or an average value 
based on mean physical properties can be used. The engineering approach to surface 
exchangers then is to represent the entire process in terms of mean values: 

Q = UmA Atm (2) 

In a truly countercurrent system with no phase change and constant heat capacities 
in both fluids, the proper mean temperature differential becomes the logarithmic mean of 
the two terminal temperature differentials (LMTD). In Section 9.3.2.4 on caustic cooling, 
we rely on this approach. The literature contains standard corrections to the LMTD for 
configurations that do not allow true countercurrent flow, as for example in multipass 
shell-and-tube exchangers [9]. 

In a chlorine cooler, flows usually are single-pass and nearly countercurrent, but 
the behavior of the At is highly nonlinear and its mean is not calculable simply from 
end conditions. The composition of the gas phase also changes drastically as it passes 
through the cooler. This causes the heat-transfer coefficient to drop to a fraction of its 
value at the entrance to the cooler. This effect is discussed below in Section 9.1.3.2. 

By point-to-point analysis of the process, one still can calculate mean values of U 
and At. This is in a sense an effort toward an artificial goal. The calculations give the 
amount of heat transferred (d Q) in each section directly, and so an exchanger can be rated 
or sized without ever defining the mean coefficient or temperature differential. If these 
quantities serve any real purpose, they are benchmarks for the experienced engineer. 

The mean temperature differential (MTD), given true cocurrent or countercurrent 
flow, is independent of the type of apparatus and is easily calculated. A straightfor¬ 
ward calculation gives the amount of heat that must be removed to cool the gas to 
any given temperature inside the exchanger. This information is often displayed in 
a duty curve, such as that of Fig. 9.3. This is a companion to the example given below, 
and it shows the temperature of the gas as a function of the percentage of the total 
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FIGURE 9.3. Heat duty curve—chlorine cooler. 


duty accomplished. Equally well, absolute numbers could be used in the abscissa when 
considering a specific exchanger. 

The inlet and outlet conditions of both streams, chlorine gas and cooling medium, 
are related by a simple energy balance. The total flow of coolant having been set by 
this overall heat balance, its temperature likewise can be calculated at any point. This 
provides the temperature differential as a function of the amount or percentage of heat 
transferred. Integration of this curve gives the MTD. 

The relationship between duty and gas temperature in Fig. 9.3 is far from linear. 
Most of the heat removed from the gas is the latent heat of water, and the amount of water 
removed in equal temperature increments continuously decreases. These two facts give 
the duty curve its characteristic shape. The smooth continuous nature of the curve depends 
on the assumption that the gas and the cooling medium flow countercurrently. This is 
a reasonable assumption for the standard indirect chlorine cooler, which is a vertical 
single-pass shell-and-tube exchanger. The gas is nearly in plug flow. There is some 
slippage between gas and condensate, as well as some subcooling of the condensate. 
Neither of these has much effect on the calculations. On the water side of the exchanger, 
the flow advances from side to side and then from one chamber confined by baffles to the 
next. The assumption that the temperature of the water is a smooth function only of the 
vertical position is factually incorrect but is a good approximation. 

In a column acting as a direct-contact cooler, there is always a certain amount of 
liquid recirculation caused by the opposing gas flow. The flow pattern in a packed column 
is tortuous, and the use of a continuous countercurrent model again is only a working 
approximation. The liquid on the trays tends to be backmixed, and so the liquid flow is 
not continuously countercurrent but rather proceeds from one more or less well-mixed 
volume to another. Other calculational techniques, discussed in Section 9.1.3.3, may be 
more appropriate to these cases. 

The LMTD that appears in so many heat-transfer calculations is mathematically 
justified when the temperatures of both fluids are related linearly to the amount of heat 
transferred. It is always smaller than the arithmetic mean of the temperature differentials 
at the two ends of the exchanger (AMTD). The duty curve in Fig. 9.3 has a slight “tail” at 
the top, representing the superheat in the cell gas (the boiling point rise of the anolyte). 
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Except for this, the curve is everywhere above the straight line joining any two points. 
The true MTD in a primary chlorine cooler therefore is greater than the LMTD. In 
a primary cooler with a heavy condensing load, the mean At may be well above both the 
arithmetic and the logarithmic means. From data on a number of commercial designs, 
we can say that, roughly, the various means form a geometric progression: 

MTD/AMTD = AMTD/LMTD (3) 

This holds with an average error of about 5%. 

When a second exchanger, the chiller, is added in series, the latent heat of water 
is not so dominant in the exchanger duty, and the change of temperature as the process 
continues is more nearly linear. The various calculated mean temperature differentials 
are not greatly different, and a reasonable and conservative practice is to use the LMTD 
in exchanger calculations. 

Example. The gas in our standard plant is to be cooled from 87 to 40°C, using cooling 
water supplied at 30'^C and allowed to rise to 40°C. The temperature differentials at 
the ends of the cooler are 47 and 10°C. These give an arithmetic mean temperature 
differential of 28.5°C and a logarithmic mean of 

LMTD = (47 - 10)/ln(47/10) = 37/In 4.7 = 23.9°C 

Cooling the gas to 40°C reduces the partial pressure of water to 55.3 mm Hg. The con¬ 
densate that forms dissolves some chlorine, but we assume that the other components of 
the gas are not dissolved. The solubility of chlorine in water is treated in Section 7.5.9.1. 
The material balance on the cooler is 


Material 

Gas in 

Gas out 

Condensate 

Water 

8571 

598.5 

7,972.5 

Chlorine 

28,995 

28,959.2 

35.8 

Others 

238 

238.1 



From handbook data on thermodynamic properties, we calculate the amount of heat 
transferred as 20.64 GJ hr~^ or about 5.73 MW. With the assumed 10°C rise, the cooling 
water flow is 493,240kghr"^ 

We now have a complete heat and mass balance for the whole cooler. Similarly, we 
can calculate a balance between the gas inlet and the section of the cooler at which any 
given temperature is reached. Choosing one such point, we calculate the composition of 
the gas at 60°C and then the amount of heat transferred from the gas. The cooling water 
coming from above has already picked up the balance of the total heat. We obtain 


Condensate formed 
Heat duty 

Heat transferred to water 
Water temperature 
Differential temperature 


6,694.6 kg hr 
16.62 GJ hr-* 
4.02 GJ hr-* 
31.95°C 
28.05°C 


-1 
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Repeating this for other temperatures gives the data necessary to construct Fig. 9.3. 
Numerical integration of the equivalent temperature differential curve gives the true 
MTD of 35.0^C. Note that Eq. (3) predicts MTD = 34.0°C. 


9.7.5.2. Simultaneous Heat and Mass Transfer, A chlorine cooler can also be considered 
a partial condenser for water vapor, and most of the thermal duty, as stated above, actually 
is the latent heat of water. Water vapor must diffuse through the noncondensable chlorine 
gas in order to reach a cold surface and condense. Mass transfer therefore occurs along 
with heat transfer. The driving force for this diffusion of water vapor is the difference in 
its partial pressures across the gas film. The partial pressure at the gas side of the film is 
that of water in the bulk gas. The partial pressure at the other side can be taken as the 
vapor pressure of water at the temperature of the condensate forming at the interface. 
More careful calculations will recognize that the liquid film is not pure water, but this 
fact will have only a small effect and is not pertinent to our discussion. The driving 
force for removal of sensible and latent heat is the temperature gradient across the 
condensate film. 

Figure 9.4 shows that both the temperature of the gas and the concentration of water 
drop from their bulk values across the hypothetical gas film that forms at an interface. 
The interface may be at a metal tube, at the surface of a droplet of water in a spray, or 
at the surface of a gas bubble in contact with a stream of water. The nature of the “film” 
may differ mathematically depending on our standpoint; that is, whether we consider 
the transfer of heat or of mass. Figure 9.4 represents a particular point or cross-section 
in the apparatus used for cooling. The bulk quantities in the gas also decrease as it travels 
through the apparatus. The interfacial quantities in a typical apparatus decrease in the 
same direction. 

Analyses of situations involving simultaneous heat and mass transfer usually depend 
on analogies between those processes and the transfer of momentum. The analogy 
between heat and momentum transfer is especially well developed and goes back to the 
classical work of Reynolds and Prandtl. The Reynolds analogy arose from the observation 
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FIGURE 9.4. Gas film at interface in a chlorine cooler. 
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that as a fluid flows along a surface, it exchanges momentum with the film at the surface 
in much the same way that heat is conducted through the film between a fluid and a 
surface. In dimensionless terms, the Prandtl modification of this analogy is 

h/{cG) = f/{2F^r) (4) 


where 

h = film coefficient of heat transfer 
c = heat capacity of the fluid 
G = mass velocity of the fluid 
/ = friction factor 
Fpj- = Prandtl modification factor 

Any consistent set of units may be used in Eq. (4) and in the equations that follow. The 
original Reynolds analogy did not contain the last term, which takes the form 

fpj. = 1 — u^/u + {u^/u){cfji/k) (5) 


where 

w' = velocity of the fluid at the edge of the laminar boundary layer 
u = bulk velocity of the fluid 
fx = viscosity of the fluid 
k = thermal conductivity of the fluid 

Again, the units must be consistent in order to render Fpr dimensionless. The factor 
usually is quite close to one. It approaches that value as the ratio of laminar to turbulent 
velocity becomes small or as the Prandtl number {cji/k) approaches unity (a common 
occurrence with gases). The Colburn 7 -factor for heat transfer then is defined as 

jh = {h/cG)W ( 6 ) 

where Pr is the Prandtl number and the exponent x usually is taken to be 2/3. The mass 
velocity G is simply the ratio of the weight flow per unit time w divided by the area 
available for flow, a. The film coefficient for heat transfer h can be expressed in terms 
of the process duty and driving forqe by inverting the usual rate equation to obtain 

h = Q/Alt (7) 


where 

Q = rate of heat transfer 

A — area available for transfer of heat 

ht = temperature differential driving heat transfer 

For sensible heat transfer at constant specific heat, a heat balance on the process 
fluid gives 


Q = wc\t2 - tx I 


(8) 
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where 

c — specific heat 

t\ = temperature of the process fluid in 
t 2 = temperature of the process fluid out 

Combining all these considerations and using a mean driving force, At^, for the 
whole process: 


jh = (.a/A)[\t2 - h 1 / Arm]Pr2/3 (9) 

The simplest extension of this analogy to mass-transfer processes probably is in the 
particular case of most interest here, condensation from a wet vapor. The vapor moves 
along against a condensate film. As water condenses, it enters the film perpendicularly 
to the direction of flow and gives up its forward momentum. 

The less volatile components of the vapor must diffuse through the others to reach 
the cold liquid film. This process is helped by a high diffusivity (^d) and impeded by 
gas viscosity. The ratio fx/k^ then plays the same role in mass transfer as the ratio fx/k 
in heat transfer. The new ratio has the dimensions of density, and so the appropriate 
dimensionless quantity is the Schmidt number, jxfpk^. We go on to define the Colburn 
7 -factor for diffusional transfer, by analogy to Eq. (9), as 

U = ia/A)[{pi - p2)/A/7ra]Sc^/^ (10) 


where 

p\ = partial pressure of the diffusing component in 
P 2 = partial pressure out 

= weighted mean partial pressure differential across the film 
Sc = Schmidt number 

Extending the Reynolds analogy by equating the two 7 -factors allows us to couple 
the heat-transfer and mass-transfer processes [10]. Defining a gas-side mass-transfer 
coefficient Kq in terms of partial pressure differences according to the equation 

dN = KqAp^A ( 11 ) 

where dN is the number of moles of material diffusing across differential area dA and 
Ap the partial pressure difference resulting in mass transfer, leads, after manipulation 
of the terms, to 


KG = hVt 2/V(cpgfM„Sc2/3) (12) 

where Mm is the mean molecular weight of the gas mixture. 

Equation (12) shows that the mass-transfer and heat-transfer coefficients are pro¬ 
portionally related through the properties of the gas. As chlorine gas cools, the water 
condenses and its vapor-phase concentration decreases. The mass-transfer coefficient 
decreases continuously. The heat-transfer coefficient follows along, and this coupled 
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with a decline in the driving force (concentration or temperature) causes the heat flux 
to drop rapidly as the process continues. Section 9.1.3.4 contains an illustration of this 
effect. 

A secondary cooler, or chiller, takes the lean gas from the primary, and so the 
decline in productivity continues. The average heat flux in a commercial chlorine chiller 
is perhaps less than one fifth as great as the flux in the preceding cooler. It is difficult 
to be more precise here, because of the great variability in cooling water temperatures. 
A relatively high cooling water temperature will allow more water vapor to pass on 
into the chiller. This improves the heat-transfer coefficient in that exchanger, and it also 
increases temperature differentials in the first stages of the process. Justification of the 
secondary cooler is primarily the reduction in load in the drying system. This must 
be balanced against the expense and complications of the extended cooling system, A 
secondary cooler is more easily justified in a large plant or in one with an unfavorable 
cooling water temperature. 


9.L3.3. Direct Contact. The direct-contact process uses water or brine as the coolant. 
The elimination of the resistance of a surface between the gas and the cooling medium 
gives this process an advantage in thermal efficiency. This advantage applies fully only in 
a once-through process; if the cooling medium is recycled through a cooler, the surface 
barrier reappears and the thermal advantage is at least partly lost. A disadvantage of 
the direct-contact process is its production of a large stream of water (coolant plus 
condensate) that contains dissolved chlorine. As explained in Section 9.1.3.5B, this 
must be treated before discharge from the plant. 

Any equipment used for gas-liquid contact can in principle be used to cool chlorine 
gas. In practice, spray columns and packed beds are most common. Beds are more 
expensive but, because they offer improved staging, more efficient. Ceramic ring or 
saddle packing is the type most often found in large units. Vessels are of rubber-lined 
steel or FRP construction. 

Since there is no easily defined heat-transfer area in direct-contact equipment, active 
volume is used as a measure of its size (Section 9.1.3.1). In the case of a packed bed, for 
example, the volume of the bed and not the full volume of the vessel is the parameter of 
interest. A volumetric heat-transfer coefficient measures the efficiency of the process. 
At a diiferential section of the exchanger, we have as a variation on Eq. (1) 

dQ = U'ArdV (13) 


where 

dg = amount of heat transferred in unit time 
U' = volumetric heat-transfer coefficient (e.g., kJ hr”^ m”^/®C) 

At = temperature differential between gas and cooling liquid 
dV = volume required for transfer of dg 

For the whole process rather than a differential slice, we use mean quantities: 

Q = U^^VAtm 


(14) 
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where 

Q = total heat duty 

^/av = average heat-transfer coefficient 
V = total working volume of the apparatus 
A^m = weighted mean temperature differential 

Direct-contact apparatus is more often associated with mass-transfer processes. 
With this fact in mind along with the analogies among transport processes discussed in 
the previous section, we can expect some of the calculational techniques also to be similar. 
Section 10.5 discusses the basics of transport processes and the methods used for their 
calculation. The process duty is usually expressed as the number of theoretical stages or 
plates required, or as the number of transfer units. Any practicable degree of separation 
of components can be realized by providing a sufficient number of plates. The number 
required is a measure of the difficulty of the separation. Most real plates fail to meet the 
ideal of producing exit streams in equilibrium. Their performance then is measured by 
plate efficiency, and the number of actual plates required is the number of theoretical 
plates divided by an average plate efficiency. Along with the rate of throughput, this 
number determines the size of the apparatus required. In the same way, we can define 
a theoretical plate for heat transfer as one in which the two streams leaving the plate are 
in thermal equilibrium; that is, at the same temperature. 

Other types of mass-transfer equipment, such as the packed bed, do not have the 
discrete stages defined by plates, and the concept of the transfer unit seems more appro¬ 
priate. When a given component is present at different fugacities in two phases in contact, 
mass transfer occurs. The flux is expressed in terms of a mass-transfer coefficient, K, 
and a fugacity driving force: 

N = KA(fi - /2) = KA(-Af) (15) 


where 

N = number of moles transferred in unit time 
A = area available for mass transfer 
—A/ = drop in fugacity of the transferring component 

Combining this rate equation with a material balance for transfer of a solute between 
two phases moving countercurrently in a tower gives 


-V'dT -L'dX = KaSdZifi - f 2 ) (16) 


where 

y' and V = rates of flow of solute-free material in vapor and liquid phases, 
respectively 

Y and X = moles of solute/mole of solute-free material in phases V and L, 
respectively 

a = interfacial area between phases per unit volume of equipment 
S = cross-sectional area of the tower 
Z = height of the tower 
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This is equivalent to 


-fdY/ifi - f2) = f{KaS/r)dZ (17) 

There is obviously a similar equation that can be written in terms of X and L\ The 
quantity on the left is unity when the change in composition is equal to the mean driving 
force over an interval. This serves as the definition of a mass-transfer unit. In terms of 
the whole stream flow rather than on the solute-free basis used above, it becomes 

-/dy/(l - y)(/i - / 2 ) = f(KaS/V)dZ = K^aSZfV (18) 


where 

y = mole fraction solute in phase V 
V = rate of flow, including solute 
Km = mean mass-transfer coefficient 

The number of transfer units (NTU) required is a measure of the difficulty of the 
process. It depends only on equilibrium relationships and the relative flows of the two 
phases. With pure cocurrent or countercurrent flow, it is independent of equipment 
design. 

The transfer unit and theoretical plate concepts are quite similar. When equilibrium 
relationships and process operating lines can be reduced to simple mathematical forms, 
in fact, the number of transfer units and the number of theoretical plates can be related 
algebraically. 

The efficiency of a column is measured by the height of a transfer unit (HTU) or 
the length of bed required to produce a unit change as defined by Eq. (17) or (18). The 
height of bed required, Z, then is 

Z = (HTU) X (NTU) (19) 

Full understanding of the transfer-unit concept requires some elaboration. If we 
apply the definition of Eq. (17) to the two phases in turn, the numbers of transfer units 
achieved in a given process are not generally the same. Consider absorption of a com¬ 
ponent from a gas. Figure 9.5 shows the concentration or fugacity profiles across the 
interfacial films. In terms of the mass-transfer coefficients, we write for the overall 
process 


Rux = KaSdZif^ - /l) (20) 

where /g and f\ are the fugacities in gas and liquid phases. Consideration of the two 
films in turn gives 


Flux = k^aSdZifg - /i) 
= M5dZ(/i-/i) 


( 21 ) 

( 22 ) 
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FIGURE 9.5. Fugacity profiles across interfacial films. 


These two equations serve to define the mass-transfer coefficients for the gas and liquid 
films, kg and Equations (20)-(22) are three different views of the same process. The 
right-hand sides therefore must be equal, and so 

\/K = l/kg^l/h (23) 

Diffusion through the gas film, by the technique used to derive Eq. (18), follows the 
equation 


- j dy/(l - y)(f^ - fi) - J(kgaS/V)dZ (24) 

We also have, in the liquid film, 

- j dx/(l - x)(fi -f\) = j {haS/L)dZ (25) 

The overall coefficient K is the smallest of the three. In the limiting case where one of the 
film coefficients is much smaller than the other, K is essentially equal to the smaller of 
the two. We then tend to speak of a system as liquid-phase or gas-phase controlled. The 
same sort of relationship holds among the NTUs calculated under the different bases, 
and its inverse connects the heights of the various types of transfer unit. The derivations 
of all these relationships can be found in any textbook on diffusional operations. Suffice 
it to say here that we have 


= Hg + {mV/L)Hx 
Hoi = //i + iLlmV)Hg 
Hog = (mV/L)Hoi 


(26) 

(27) 

(28) 
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where 

Hog = height of an overall gas-phase transfer unit (i.e., one based on total fugacity 
differential) 

Ho\ = height of an overall liquid-phase transfer unit 
Hg = height of a gas-film transfer unit 
H\ — height of a liquid-film transfer unit 
V = flow rate of the liquid phase 
L = flow rate of the gas phase 

m = average slope of the equilibrium curve (y vs jc) over an appropriate interval 

Fair [11] systematized and correlated results obtained in direct-contact systems. 
He showed the use of both volumetric heat-transfer coefficients and the transfer-unit 
concept. For the case of simple heating or cooling without a phase change, 

l/U' = l/h[ + l/h'^ (29) 

where h[, and hg are the liquid- and gas-side heat-transfer coefficients, respectively, and 
Eq. (26) applies for the height of an overall gas-phase transfer unit. 

When vapor condenses, as in a chlorine cooler, these are modified to 

\/U' = l/h[ -h (Qg/QT)(l/cth^g) (30) 

//og = Hg-\- Hi(Qj/Qg)(Gcg/Lcx) (31) 

where 

Qg = sensible heat transferred to the gas phase 
Qj = total amount of heat transferred 
G and L = mass velocities of the gas and liquid phases 
Cg and Cl = heat capacities of the gas and liquid phases, respectively 
a = quantity defined below 

The factor ot in Eq. (30) allows for the simultaneous transfer of mass and heat. 
A value greater than one indicates that mass and heat flow in the same direction, as in 
our case. Such values of a correspond to positive values of a process constant, Cq: 

a = Co/(l-e-^‘>) (32) 


Here, 


Co = 


( 33 ) 


where 

N = rate of diffusion of water in the direction of heat transfer 
Cg = gas heat capacity 

— gas-phase heat-transfer coefficient 
Vx = total volume of the contacting zone 
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The equations above give the methodology when film coefficients are known or 
can be estimated. When these coefficients are unknown, there is still a wealth of mass- 
transfer data to give diffusional transfer unit heights. This information can now be drawn 
on in heat-transfer problems as well. For packed beds, Fair gives 

h'^ = (Scg/ Prg)2/3(cgG///g,d) (34) 

/j( = (Sci/Pr,)2/3(ciL/Hi,d) (35) 

The physical properties of the fluids give the Schmidt and Prandtl numbers as well as 

the heat capacities in the last terms. Process data give the flow rates G and L. Mass- 
transfer data for the packing selected for the application give the values of and 
as functions of the other quantities. It is best to use the latest manufacturers’ data to 
characterize packing. 

The preceding paragraphs take the film-theory approach. Harriott and Wiegandt [ 12] 
used a penetration theory to correlate results: 

h/k = C^pk'/D (36) 


where 

h = heat-transfer coefficient 
k = mass-transfer coefficient 
p = density 

t = thermal conductivity 
D — diffusivity 

C = 3. constant describing the system 

All quantities in Eq. (36) refer to the liquid phase, and the authors give appropriate values 
of the constant C. 

Example. Here we consider the size of a packed column to cool chlorine cell gas from 
87 to 40°C. This is the same duty as in the example of Section 9.1.3.1, which covered 
the duty curve and calculation of the mean temperature differential. The same data allow 
us to calculate the number of transfer units required. We shall assume the use of 50-mm 
rings (packing factor = 187 m^ m“^). 

Cooling the gas to 60°C, as in the same example, expends 80.51% of the total 
heat-transfer duty. The cooling water, in countercurrent flow, has therefore picked up 
19.49% of the total duty. Because the condensation of water from the gas makes the 
temperature of the cooling water in the column slightly nonlinear with the duty, it is 
at 31.94°C. Repeating the calculation for a gas temperature of 58°C, we see that we 
have expended 83.32% of the duty and that the cooling water is at 31.66'^C. This 2®C 
interval in gas temperature represents 83.32 — 80.51 = 2.81% of the total duty and 
has a mean temperature differential between gas and water of (60 — 31.94 -}- 58 — 
31.66)/2 = 27.20°C. The NTUforthis interval therefore is2/27.2 = 0.0735. Repeating 
this calculation at other gas temperatures allows us to integrate the curve for the entire 
process and gives us 1.85 gas-phase transfer units. On the liquid side, the mass flow 
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is much higher and the temperature range much smaller. The number of liquid-phase 
transfer units therefore is only 0.314. 

Sizing also requires calculation of the HTU. Figure 9.6 is a section of the famil¬ 
iar Eckert packed-column pressure-drop chart. First, we must calculate the parameter 
(L/ G)pg/ (yOi — pg). We do this at the top, and at the bottom of the column. At the bottom, 
we have a gas flow of 37,804kghr“^ and at the top, a water flow of 500,536kghr“^ 
Some of the water in the gas feed condenses in the tower, giving a flow of 29,796 kg hr“^ 
at the top. The condensate goes into the water stream, giving 508,544 kg hr~^ at the bot¬ 
tom. The L/G ratios are 13.45 at the bottom and 16.80 at the top. The molecular weight 
of the gas increases from 42.4 at the bottom to 66.9 at the top. Applying the density 
factors, the abscissas on the Eckert plot become 0.511 and 0.861. This is a fairly broad 
range, and Fig. 9.6 shows its effect on AP. If we choose a low unit pressure drop of 
0.6 mmHg m“^ (0.1 in w.c. ft”^ in the units of Fig. 9.6), the flow parameters (ordinates) 
at the top and bottom are about 0.0067 and 0.0048. At the bottom, 

= 0.0067 X 32.17 x 0.0896 x 61.85/(0.9191 x 57) 

G = 0.151 lbs“' fr^ = 2,653kghr-^ 

At the bottom, a gas mass velocity of about 2,970 kg hr“' m“^ is acceptable. Required 
diameters are 4.03 m at the bottom and 3.78 m at the top. 



FIGURE 9.6. Pressure drops in packed beds. 
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Design of the cooler requires a compromise between size and pressure drop. Low 
gas velocity reduces the pressure drop, an important consideration in most chlorine lines, 
but has a two-fold effect on size. Not only does the diameter increase to accommodate 
the low velocity, but the HTU also increases, partly offsetting the low unit pressure 
drop. This two-fold effect makes it especially difficult, and dangerous, to generalize and 
produce rules of thumb for sizing. 

The example above, with its very low pressure drop, has a HTU of about 5 m. One of 
the advantages of operating the cells under positive pressure would be the possibility of 
accepting a greater pressure drop in the coolers and so improving their transfer efficiency. 

Example. We return to the preceding example to establish a more economical design. 
Choosing a column diameter of 3.5 m, we perform the same incremental calculations. 
With the new diameter, the value of G varies from 3,097 to 3,929kghr"^ m“^. At 
the 60% point, we have G = 3,389 and L = 51,850kghr”^ m“^. From the amount 
condensed, we calculate the molecular weight of the gas to be 54.1 and the density factor 
on the abscissa to be about 0.044. The abscissa then is equal to 0.673. From the flow 
rate, the physical properties of the gas, and the packing factor, the ordinate is 0.0094. 
This gives us a unit pressure drop of 0.18 in H 2 O ft“^ or 0.15 kPa m“* for this section 
of the bed. Using the method published by Fair, we estimate the height of the gas-phase 
transfer unit at this point in the column to be 3.85 m. We know that the interval between 
60 and 62% of the duty represents 0.027 transfer units. Combining this with the HTU 
and the pressure drop per unit of height, we calculate the pressure drop over this portion 
of the bed (0.104 m) to be 0.016 kPa. Repeating this calculation for all other intervals, 
we obtain a packed height of 7.4 m and a pressure drop of 0.94 kPa. 

Repeating the procedure with a diameter of 3 m, we encounter a pressure drop of 
1.44 kPa in a packed height of 5.1 m. Allowing an increase of 53% in the pressure drop has 
reduced the size of the packed bed by a factor of nearly two. The heat transfer coefficients 
calculated from these results and the data found in the example in Section 9.1.3.1 are 
8.3MJhr“^ m“^ per degree centigrade for the larger column and 16.5 for the smaller 
colunm. The wide range makes it difficult to generalize on the heat-transfer capacity of 
packed columns. 

The heights of a transfer unit for columns 3.0, 3.25, and 3.5 m in diameter are 
2.74, 3.32, and 3.98 m respectively. While these values increase more rapidly than the 
diameter itself, all are reasonably close to the rule of thumb proposed by Kister [13] that 
HTU diameter. 


9. 1.3.4. Indirect Contact. Direct contact was more popular in the past, when none of the 
common construction metals was resistant to chlorine. Typical materials of construction 
were thermosets (such as a phenolic resin reinforced with asbestos) for vessels and 
stoneware or glass for piping. This situation changed with improvements in fiber- 
reinforced plastic fabrication and the commercial advent of titanium. The indirect-contact 
approach has now become a standard. The typical chlorine cooler today is a single-pass 
vertical shell-and-tube exchanger with titanium tubes and tube sheets and a carbon steel 
shell (or perhaps FRP in smaller units). Construction of tube sheets may be of solid 
titanium, or they may be clad or explosion-bonded with titanium. The inlet channel 
to the primary cooler also may be of titanium; the other channels usually are of FRR 
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The most frequently used configurations are based on fixed tube sheets. Under the stand¬ 
ards of the Tubular Exchanger Manufacturers’ Association (TEMA), which are illustrated 
in most engineering handbooks, these configurations are designated as AEL or BEM. 
They may be modified by bolting the inlet chlorine pipe directly to the steel shell. This 
is an approach that requires careful design. Tube diameters usually are about 20 or 
25 mm, and the usual arrangement is triangular with a pitch of 24 to 32 mm, or 1,25 tube 
diameters. Outside-packed units with floating heads may replace these designs when 
cooling water quality is low and frequent cleaning is necessary. The tubes may then be 
installed with a square pitch in order to make cleaning easier. The tube thickness usually 
is 0.9-1.0 mm, and welding procedures vary. Seal welding of the tubes to the tube sheets 
is perhaps the most common approach. Similarly, there is not universal agreement on 
the mechanical design code. The most conservative designs follow TEMA R, the code 
usually specified for refinery service. 

Figure 9.7 shows a temperature profile for condensation on the wall of a tube. Res¬ 
istances are in the liquid film on the cooling-water side of the tube, the tube itself, a liquid 
condensate film, and the gas film. The relative magnitudes shown for the temperature 
differences are realistic. Using the mathematics associated with a heat-transfer problem, 
one can take the convenient if nonrigorous approach of attributing part of the process- 
side temperature difference to the mass transfer process and part to the heat transfer 
process [14]. The driving force consumed by mass transfer arises from the difference 
between the bulk temperature of the gas and the temperature of the condensate film. The 
lack of rigor in this simplification arises largely from the fact that heat transfer is also 
occurring here. The driving force consumed by the heat transfer is the temperature drop 
across the condensate film. Figure 9.8 shows a typical division of these mass-transfer 
and heat-transfer resistances. The important point to be noted is that the mass-transfer 
resistance becomes more important as condensation proceeds, and the coefficient of heat 
transfer continuously decreases. To illustrate the same effect, Kern [15] points out that 
in the condensation of steam from air the overall coefficient can drop by a factor of 100 
from the inlet to the outlet. 



FIGURE 9.7. Temperature profiles: condensation in a tubular cooler. 
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HGURE 9.8. Division of temperature driving force in a chlorine cooler. 
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FIGURE 9.9. Areas required for equal increments of heat transfer. 


The point coefficients of heat transfer decline continuously along the tube. Since 
the overall temperature difference is also declining, the heat flux drops off rapidly. 
Figure 9.9, based on subdividing a commercial design into 12 zones of equal total heat 
transfer, illustrates the problem. The relative area required for each increment grows 
slowly at first and then very rapidly toward the end of the process. This deteriorating 
performance is accepted by the designer because of the problems caused by water in the 
downstream parts of the chlorine recovery process. The next step in chlorine processing 
is the drying of the gas, and the standard process is based on the use of sulfuric acid 
to absorb the water. This acid costs money, and disposal of the weak acid produced by 
drying the gas is often a problem and an additional cost to the process. 

As noted above, a second exchanger cooled with chilled water is often added to 
increase the removal of water. All the problems referred to above with increasing mass- 
transfer resistances occur in this second exchanger as well. Added to this problem is the 
fact that the gas entering the exchanger is much leaner in water. The net result is that 
unit heat fluxes in chlorine chillers are much lower than those in the coolers, perhaps by 
a factor of five or ten. 

Figure 9.10 shows the behavior of the clean coefficient in a typical chlorine cooler as 
the gas temperature changes. As the process moves from right to left, the coefficient drops 
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FIGURE 9T0. Effect of gas temperature on performance of chlorine cooler. 


rapidly from a starting value of more than 3,000 Wm”^(°C)“^ to one less than 20%. 
Since the temperature driving force is also diminishing, we show the second line repres¬ 
enting the unit flux. The drop is even more pronounced. Interestingly, the line is nearly 
straight over much of its range, with a decrease of 10°C in gas temperature reducing the 
flux by about 85%. 

The data of Fig. 9.10 apply to clean surfaces. The addition of fouling factors would 
lower the heat-transfer coefficient curve and make both curves less steep. The curves also 
apply only to a typical exchanger with the gas nearly at atmospheric pressure. Operation 
at pressures above atmospheric increases the driving force for diffusion. The benefit of 
this increase grows as the mass-transfer process becomes more dominant. The result is 
that, once again, the curves become less steep. 

Plate-and-frame coolers have made some inroads into this application. These will be 
much smaller than the typical shell-and-tube coolers, at the expense of a greater pressure 
drop. Titanium plates are necessary, and welded construction of the plates is highly 
recommended [16]. Plate-and-frame units will probably become more common as the 
increasing use of the newest membrane cells allows operating pressures to increase. Few 
units are found today in sizes above 100 tpd chlorine. Section 9.3.2.4 on caustic cooling 
briefly discusses the general characteristics of plate exchangers. 


9.7. J.5. Limitations on Chlorine Cooling 

9.1.3.5A. Minimum Gas Temperature. While the goal in cooling chlorine is to remove 
as much water as possible, there are fundamental limitations that must be observed. 
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It is not possible simply to reduce the temperature of the wet gas without limit. Chlorine 
forms a hydrate at atmospheric pressure below about 9.6®C, where the vapor pressure 
of water is 9.0mmHg (1.2 kPa). Cooling the gas below this temperature causes solid 
hydrate to form and deposit in equipment and piping. Limiting the temperature of the 
coolant helps to avoid this situation. The chilled water used in the second stage of cooling 
therefore is produced at temperatures close to the freezing point of the hydrate rather 
than at temperatures close to the freezing point of water. 

Even plant cooling water can present a seasonal problem. Winter temperatures are 
often low enough to make hydrate formation possible. It is then necessary to limit the 
temperature of the water used on the chlorine cooler. This is usually done by arranging 
for series use of the water in more than one service or by tempering it with a warmer 
stream. Often, the latter approach uses some of the water issuing from the exchanger 
itself, recycled to the feed point under temperature control. Cocurrent flow of gas and 
coolant also can reduce the probability of hydrate formation. 

The use of titanium as a material of construction places another limitation on the 
temperature of the gas. Section 9.1,2 explained the formation of the passive titanium 
oxide layer on the metal surface. This depends on the presence of water in the gas to 
allow the hydrolysis reaction to compete successfully with chlorination of the metal. 
The disappearance of this layer, or failure to establish it, allows the combustive reaction 
of dry chlorine with titanium metal. It becomes important to define those processing 
conditions under which the passivating layer can not be relied upon. Work reported by 
Euro Chlor [17,18] showed that chlorine-cooling processes could in some cases enter 
the dangerous area. They recommend that the temperature should not be taken below 
about 13°C, where water has a vapor pressure of 11.2mmHg. This is slightly on the 
conservative side of the statement of Grauman and Willey [19] that between 1.0 and 
1.5% water vapor is sufficient to maintain the oxide film. Given some imprecision in 
temperature control, a bit of conservatism is called for. 

This low-temperature combustion hazard has its implications for cold-weather 
shutdowns of chlorine processing systems. 

9.1.3.5B. Chlorinated Condensate. An important aspect of chlorine cooling is the com¬ 
position of the condensate. The water removed from the gas, or in the case of direct 
cooling of the cooling water as well as that condensed, will be saturated with chlorine. 
This water is often a process waste, and it must be made innocuous before discharge. 
Usually, the bulk of the chlorine is stripped from the water after adding acid to reverse its 
hydrolysis. The basics of dechlorination of aqueous streams were covered in the chapter 
on brine treatment (Section 7.5.9). 

The condensate can be dechlorinated in a dedicated stripper or in a brine dechlor- 
inator. The former is more characteristic of a diaphragm-cell plant. The latter is a unit 
required in a mercury- or membrane-cell plant to allow depleted brine to be recycled to 
the process. It can be designed to treat chlorinated condensate as well as brine, in which 
case there is no need for separate apparatus. 

As Section 7.5.9.1 demonstrated, chlorine is more soluble in water than in brine. 
Its removal from condensate therefore requires more vigorous treatment. More acid is 
used to reverse the hydrolysis reaction, and the resulting pH may be close to one rather 
than in the neighborhood of two. 
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Stripping is usually by addition of live steam to the condensate. The condensate 
is pumped to the top of a stripping tower, and steam is injected into the bottom. The 
condensate is preheated by steam or by interchange with the dechlorinated water from 
the bottom of the tower. Steam can be introduced under flow control, ratioed to the 
condensate flow, or reset by the overhead temperature. 

All metal in contact with the chlorinated water is titanium. At the temperature and pH 
of the stripper, Grade 2 titanium, which is an unalloyed metal and the chlorine industry’s 
general-purpose standard, can undergo crevice corrosion. An alloyed form should be 
used. Molybdenum alloys (e.g.. Grade 12) are serviceable down at least to pH 2, The 
more expensive Grade 7 (0.15^.25% Pd) may be necessary at pH 1. This is considered 
the standard palladium-alloyed titanium. An alternative to consider is Grade 16, which 
contains only 0.04—0.08% Pd. While Grade 7 usually is produced with its Pd content 
close to the minimum 0.15%, it still usually costs about one third more than Grade 16. 


9.1.3.5C. Chlorine Hydrate. The hydrate that forms in chlorine cooling systems is 
a clathrate of the formula Cl2*wH20, where n is about seven or eight. Clathrates 
(L. clathratus, enclosed by bars of a grating) are a geometric phenomena rather than 
stoichiometric compounds. They appear when the presence of certain enclosed gases 
stabilizes the formation of crystals. In the industrial chemical world, the best-known 
examples are the hydrates. Chlorine hydrate has been known for many years and has 
played an important role in the development of the chemistry of inclusion compounds. 
Humphry Davy was the first to recognize that water was a component of what had 
been thought to be crystalline chlorine, in 1811. In 1823, Michael Faraday estimated its 
composition to be CI 2 • IOH 2 O. 

Chlorine forms one of the “gas hydrates” [20]. These occur in one of two different 
cubic forms. In the class to which chlorine belongs, crystals form with unit cells compris¬ 
ing 46 water molecules. Each cell contains six medium-sized and two small cages. Chlor¬ 
ine molecules occupy the larger cages but have difficulty entering the smaller ones. If 
these cages remain empty, the cell contains six chlorine molecules, and the formula of the 
hydrate is Cl2’7.67H20. Filling the small cages would give eight chlorine molecules in 
each cell and a formula of CI 2 •5.75H20. Cotton and Wilkinson [21 ] report that about 20% 
of the small holes are filled, corresponding approximately to Cl2‘7.2H20, but also give 
the slightly different formula Cl2*7.3H20. Ketelaar [22] quotes the work of Bouzat and 
Azinieres [23] in fixing the theoretical limits and of Allen [24], who obtained n = 7.27. 

The atmospheric-pressure hydrate formation temperature of 9.6°C quoted above is 
one of the constraints on operating temperatures in chlorine cooling. Later, we shall also 
consider the effects of chlorine hydrate in liquefaction systems (Section 9.1.7.2C). The 
same problem of equipment plugging may occur there, and the “melting” or decompos¬ 
ition of hydrate when equipment is taken out of service and allowed to warm can result 
in severe corrosion. International Critical Tables data for the decomposition pressure of 
chlorine hydrate, which extend to 16°C, fit the equation 


P = 3.55 X 


(37) 


with P in kPa. 
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FIGURE 9.11. Region of existence of chlorine hydrate. 


The quadruple point for this system is 28.7®C, where water, ice, hydrate, and vapor 
coexist. At higher temperatures, the hydrate does not exist. Equation (37) defines a line 
that separates a hydrate-formation area from a safe area. Figure 9.11 shows this line. 
Operation below and to the right of the curve will be free of hydrate formation. 

Extrapolation of Eq. (37) to the quadruple point indicates a pressure of 7.22 atm. 
This is quite close to Ketelaar’s extrapolated value of 7.3 and well below the vapor 
pressure of pure chlorine, which is 8,39 atm. 


9.1.3.5D. Summarizing Flow Diagram. Some of the points made above are reflected in 
the flow diagram of Fig. 9,12. It takes the gas from the cells and delivers it to the drying 
system described in the next section. The chlorine side is deliberately quite simple. From 
the cells, the gas passes through a demister, the cooler, and the secondary cooler or chiller. 
The sections immediately above explain the two-step cooling process, and Section 9.1.5 
covers the mist eliminator. Temperature and pressure measurements at each stage are not 
essential but allow diagnosis of problems and monitoring for excessive pressure drops. 

The gas finally goes off to the drying process and the condensate to chlorine recov¬ 
ery. The flow of condensate from the coolers and the mist eliminator is by gravity. Each 
item of equipment can drain separately to the receiving vessel, which is vented back to 
the chlorine line after the coolers. Figure 9.12 also shows an alternative in which the 
three sources of condensate are piped together. The choice depends on local conditions 
and equipment layout. In the drawing, the demister has internal seals and the lines from 
the coolers have loop seals. The transfer line should be sealed on the delivery end to keep 
it full. One simple technique is to connect the line to the bottom of the receiving vessel. 
Alternatively, the condensate can go to the bottom of the vessel through a sealed dip pipe. 

The chilled water flow to (or from) the second cooler is controlled in order to 
avoid the problems of a gas that is too cold or too dry. The only feature that requires 
special mention is the cooling water supply to the first cooler. The design characteristics 
chosen for our reference plant in Section 6.5 include a minimum cooling water supply 
temperature of 5®C. This is below the hydrate-formation temperature and demonstrates 
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FIGURE 9.12. Flow diagram—chlorine cooling. 


the point that the cooling water itself can be the source of dangerously low temperatures. 
One possible solution is the tempering of the supply with some of the used water. This 
can be achieved by a recycle pump in the water discharge line, returning water to the 
feed side. Two temperature controllers are necessary, one to hold the temperature of 
the blend that serves as the primary coolant and one to regulate the flow of cold water 
in order to give the desired process outlet temperature. A low-temperature alarm at 
the primary cooler warns of the danger of hydrate formation; a high alarm warns of 
inadequate cooling. The chilled water supply and the chilled gas also have high- and 
low-temperature alarms. Other instrumentation to note includes the thermal relief valves 
on the water sides of both exchangers and the pH meters. The latter detect any leakage 
of chlorine into the water. 


9.1 A. Drying 

After cooling, chlorine gas is dried by contact with concentrated sulfuric acid, a powerful 
desiccant over which the vapor pressure of contained water is very low. Other drying 
processes have been suggested from time to time, but none has had wide commer¬ 
cial success. The absorption of water by sulfuric acid is highly exothermic (more than 
3 MJ kg“^), and many combinations of feed and spent acid strengths can result in boiling 
if the heat is not removed. This section covers the amounts of acid required, equilibrium 
considerations in the process, the types of apparatus used, and the handling of the acid. 


9.1.4.1. Acid Consumption. The amount of acid consumed is fixed by the process load 
(kg water/hr) and the concentrations of acid into and out of the drying system. A simple 
material balance shows the number of units of fresh concentrated acid (g) required to 
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absorb 1 unit of water: 


Q = W/(C - W) (38) 

where C is the concentration of strong acid and W the concentration of spent or waste 
acid. 

Economics and ease of handling determine the strength of the fresh acid. Avail- 
ability at low cost is usually the determining criterion. The acid strength should be at 
least 93%, preferably 96%, and in some plants there will be a seasonal variation. The 
viscosity and freezing point behavior of concentrated sulfuric acid is quite complex (see 
Appendix). There is a minimum of about —30'^C in the freezing point curve at about 
93% acid. The freezing point increases rapidly with higher concentrations, reaching 0°C 
at about 96% acid. This is why wintertime restrictions on acid strength are common in 
colder climates. At very high strength, furthermore, the mass-transfer behavior of the 
acid can deteriorate. 

The waste acid strength depends on the method of disposal. While Eq. (38) shows 
that lower concentrations reduce the amount of acid consumed, there are other consider¬ 
ations. If the acid is to be reprocessed, its strength must be suitable for the reprocessing 
plant. Corrosivity, which is greater at lower concentrations, is another important factor. 

Considering acid concentrations as absolute numbers, the waste concentration is 
more important in determining the amount of acid consumed. Differentiating Eq. (38) 
shows that the change in acid requirement with feed strength is 

dQ/dC = -W/(C -Wf (39) 

and with spent acid strength is 

dQ/dW ^C/iC -Wf (40) 

The latter is larger in magnitude by the ratio of acid concentrations. Accordingly, if acid 
is supplied at 96% and withdrawn at 72%, Eq. (38) shows that 3 kg of fresh acid will be 
required to remove one kilogram of water from the gas. If the feed acid strength drops 
by 1% to 95%, this increases to 3.13 kg. This is a 4.3% increase in feed acid flow and a 
3.3% increase in H 2 SO 4 consumption. If the spent acid concentration increases by 1%, 
the feed acid requirement goes up to 3.174kg, an increase of 5.8%. 


9.L4.2. Equilibrium Behavior Equilibrium performance is determined by the vapor 
pressure of water over the acid and so is better at high acid concentration and low 
temperature. This statement does not conflict with the claimed advantages of low spent 
acid strength; in a three-stage system, for example, the operating concentration in the 
last stage is very close to the feed concentration in any case. The final concentration 
of water in the gas therefore is not strongly dependent on the spent acid concentration. 
Lower concentrations in the spent acid operate by Eq. (38) or Eq. (40) to reduce the 
amount of acid required. The incentive for higher feed concentrations is largely the 
reduction in volume handled. Increasing the feed acid concentration from 93 to 96% 
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reduces the amount of fresh acid required by 12.5% and the amount of 72% spent acid 
generated by 9%. 

The temperature of the process can be kept low by cooling a circulating acid 
stream. Cooling the acid well below normal cooling water temperature offers no 
great process advantage. The equilibrium condition improves only marginally, and 
the mass-transfer situation can deteriorate slightly. In spite of this, chilled water still 
is often used as a coolant, as explained below under Acid Pumping and Cooling, 
in order to provide a greater temperature driving force and reduce the size of the 
exchanger. 

With cooling and circulation of the acid around a packed bed, each stage of the 
process can be kept approximately isothermal. Results in each stage can be calculated 
from the vapor pressure of sulfuric acid, under the useful assumption that the presence 
of chlorine has a negligible effect on the distribution coefficient for water. For acid 
concentrations in increments of 5% from 50 to 95% H 2 SO 4 , the vapor pressure data in 
Perry’s Handbook are accompanied by the constants for the equation In p = A — B/T. 
These are fitted to the tabulated data [25] over the entire range of temperature covered 
in the table. Not surprisingly, a better fit results when the constants are calculated for 
a restricted temperature range. Between 20 and 60°C, we obtain the constants given in 
Table 9.2. They are to be used in the equation 

\np = A - B/T (41) 

with r in K and p in mmHg. Compared to the handbook values, these cut the average 
percentage deviation between calculated and tabulated values in half. The standard error 
of estimate is 6 % of the measured vapor pressure. 

Example. Here we calculate the vapor pressure over 78% acid at 35°C. Using Eq. (41) 
and the constants in Table 9.2, we calculate the logarithms of the vapor pressure at 70,75, 
80, and 85% acid. The values are 0.6997, —0.1944, — 1.3254, and —2.4527, respectively. 


TABLE 9.2. Vapor Pressure 
Constants for Sulfuric Acid 
Solutions 


Wt.% H 2 SO 4 

A 

B 

50 

20.514 

5480 

55 

20.429 

5551 

60 

20.436 

5682 

65 

20.376 

5835 

70 

20.810 

6197 

75 

20.750 

6454 

80 

21.407 

7005 

85 

21.250 

7304 

90 

21.267 

7793 

95 

22.645 

8984 


Notes: In p (mm Hg) = /\ - BfT{Yi)\ 
for use between 20 and 60® C. 
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Using a four-point interpolation formula, we find a value of —0.8600 at 78%. This gives 
a vapor pressure of 0.423 mmHg, or 0.0564 kPa. 

Example, Cell gas, joined by the chlorine recovered from the depleted brine and the 
condensate from the cooling process, flows through three packed towers in series, with 
counterflow of acid. We feed 96% acid and withdraw spent acid at 78%. By Eq. (38), the 
consumption of fresh acid is 78/(96-78) = 4.33 kg per kg of water. The temperature of 
the gas from the chiller is 15°C, where the vapor pressure of water is 1.705 kPa. The total 
pressure being 97kPa, we have 1.705/95.295 = 0.01789 moles water per mole of dry 
gas. The amount of water present in the chilled gas then is 136.7 kg hr“ ^. This requires a 
supply of 4.33 x 136.7 = 592.3 kg hr“^ fresh acid (568.6 kg H 2 SO 4 and 23.7 kg H 2 O). 
The spent acid contains 568.6kghr~^ H 2 SO 4 and 23.7 -h 136.7 = 160.4kghr“^ H 2 O. 

A cooler in the recirculation line holds the temperature of the acid leaving the 
first stage at 35°C. From the previous example, the partial pressure of water vapor at 
equilibrium is 0.0564 kPa. Allowing a loss of 0.5 kPa in the tower, the total pressure now 
is 96.5 kPa, and we have 0.0564/96.4436 = 0.000585 moles water per mole of dry gas. 
The residual water therefore amounts to 4.6kghr“^. The amount of water absorbed is 
136.7 — 4.6 = 132.1 kghr“^ This means that the acid entering from the second tower 
contains 160.4 — 132.1 = 28.3 kg H 2 O per hour; its strength is 95.3% H 2 SO 4 . 

Continuing on these lines gives the data used in the flow diagram of Fig. 9.13. More 
precise calculations would reflect differences in the temperature of the acid in the various 
stages. Since these amount to only a few degrees, they are ignored in this calculation. 


9,1.4.3. Drying Columns 

9.1.4.3A. Packed Columns. Drying columns use packing, trays, or a combination of 
the two. Packed columns have in the past perhaps been a standard. They are robust, and 
their operation is simple and stable. 

One disadvantage is the need for recirculation of acid. The small net flow of 
acid has already been mentioned and is apparent in the balance presented in Fig 9.13. 
Depending somewhat on the purity of the chlorine gas, the ratio of liquid to gas mass 
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FIGURE 9.13. Chlorine drying system process flows. 
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flow rates {L/G) into the column without acid recycle will be about 0,015 to 0.02. One 
parameter used to rate the flooding behavior of packed columns is L<^/G. Here, 

^ — yjP%l Pair 

where pg is the density of process gas and pair is the density of air at standard conditions. 

The value of LipjG will be about 0.03, far below the usual range. At any reasonable 
gas velocity, therefore, the net throughput of acid would be less than the minimum 
wetting rate of the packing. Circulation is necessary to overcome this problem. Typical 
mass velocities are 5-8,000kghr“^ m”^ for the gas phase and 15-25,000 kg hrm“^ 
for the liquid phase. Superficial velocities then are about 35^0 m min”^ for the gas and 
0.15-0.20 m min”^ for the liquid. These rates determine the inside diameter of a tower; 
when brick lining is used, the outside diameter will be 100-200 mm larger. The value of 
L(p/ G for most combinations will be greater than four. 

Circulation of the acid largely destages the operation, and the usual design assump¬ 
tion is that a bed of packing represents one equilibrium stage. Normally, three stages, 
or three beds, are provided. Two stages can give an acceptable product, and small 
plants are often built this way. Most of these, however, also use acid-ring compressors 
(Section 9.1.6.2C), which give some extra protection. The use of only two stages will 
produce a marginally higher water content in the dry chlorine and greatly reduce the 
operating margin of the drying system. 

Figure 9.13 shows the process flows in a typical three-stage arrangement. One design 
decision is whether to provide three separate columns or to place three beds in a single 
tall column. The latter approach is shown in Fig. 9.14. The reader can easily visualize 
the changes that occur when each bed is in a separate column. An acid-circulating pump 
serves each bed. By accepting some complexity in the piping, a fourth pump (not shown) 
can be installed as a common spare. As shown in Fig. 9.13, most of the water is removed 
and most of the heat is generated in the bottom section. A cooler in the circulating line 
removes this heat. It is possible to operate a three-stage system satisfactorily with only 
one cooler, accepting the small temperature rise in the last two sections. Our example, 
however, has a second cooler for good measure. 

One advantage of the single-column construction, which may be decisive, is its 
smaller plot area. Use of a single shell also reduces material cost. Pressure losses at 
entrances and exits and in interconnecting pipe are reduced or eliminated. Offsetting 
disadvantages associated with the height of a column (up to 20 m) are the complications 
in transportation and erection and the fact that acid must be pumped at higher pressures. 
Since the acid reservoirs maintained in the upper stages must be designed to drain slowly 
upon shutdown, some inventory will be lost and the concentration profile will be upset 
whenever a pump stops. It then takes some time to establish a steady state when the 
tower is restarted. Finally, with separate columns it is possible to take advantage of the 
lower corrosivity in the last stage by using a cheaper material of construction. 

Large towers have carbon steel shells. Brick linings, a standard in the past, are still 
widely used. These usually comprise two courses of acid-resistant brick held in place 
over a suitable protective membrane. Vinyl ester resins are suitable for the membrane 
and the mortar that holds the assembly together. Many systems use unlined carbon steel 
in the last (driest) stage. Other linings have begun to find some application; these include 
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FIGURE 9.14. Three-bed acid drying column. 


PVC laminates in thicknesses of 2-3 mm. Another possibility is a low-density acid- 
resistant block that can be combined with the same mortar and membrane used with 
brick linings [26]. Substituting this for brick lining can reduce the weight of a three- 
stage tower in a large plant by 501 or more. Because of the weight of the brick and 
the possibility of damage during shipping, normal practice is to apply brick linings on 
site. In special circumstances, towers can be shipped after lining. Handling and erection, 
especially of single multi-bed columns, become much more difficult. 

Small towers sometimes are reinforced PVC, and there is no need for a lining. 
A potential problem with PVC or other nonconductive material is the accumulation 
of a static charge. The explosion of a set of three PVC dryers in a mercury-cell plant 
was attributed to static discharge in the presence of an explosive gas [27]. The root 
cause of the incident was the failure of the power supply to the mercury pumps, which 
allowed mercury to drain from the cells and uncover the steel bottoms. This led to 
the formation of large quantities of hydrogen. The investigators concluded that towers 
should be constructed of acid-proof conductive material that can be held at ground 
potential. 

Most chlorine cell headers operate very close to atmospheric pressure. The accu¬ 
mulated pressure drop causes compressor suctions to be under vacuum, which raises the 
possibility of infiltration of atmospheric air. This lowers the purity of the delivered gas 
and makes the liquefaction process less efficient. The front end of the gas processing 
train therefore should be designed for low pressure drop. To this end, the drying towers 
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usually are sized for the low gas velocities mentioned above and operate well below the 
flooding rate. Because of the high molecular weight of the gas and the high density of 
sulfuric acid, the mass velocities are not unusually low. 

Standard packing shapes, usually saddles, are used. Many columns contain plastic 
packing, either polypropylene or PVDF; ceramic and chemical porcelain are also com- 
mon. Plastic and ceramic supports are used, and, in carbon steel columns, stainless steel. 
While the pressure drop is not great (about 50 mm w.c. per bed), it could be reduced by 
using structured packing instead of dumped saddles. One set of data [28] on structured 
ceramic packing shows that the pressure drop over the packing is reduced by a factor of 
about four. Since a change in packing has no effect on the pressure losses at the inlet and 
outlet of the column or over distributor and support plates, the net saving over an entire 
column is reduced by about 50%. 

Other advantages claimed for structured packing include better distribution, with 
uniform liquid films and less channeling, and less bed movement, giving a pressure drop 
that is more stable over time. The lower pressure drop at any given flow rate reduces 
energy consumption to the tune of a few thousand dollars per year in a large plant. 
More important, but hard to quantify, is the improvement in the composition of the gas 
delivered to the compressor, due to the higher pressure profile and the reduction in the 
amount of inleakage. The lower pressure drop and the fact that operation is well below 
the flooding zone also mean that in a retrofit the rate can be increased by 40% or more 
without exceeding the original pressure drop. 

Drying columns must be able to withstand some differential pressure but should be 
protected from overpressure by relief valves. On the low side, they should be designed 
for the lowest suction pressure developed by the chlorine compressors. 

9.1.4.3B. Process Control. Figure 9.15 is a basic flow diagram for the drying process, 
showing some of the essentials of process control. Section 11.3.2.3 describes instrument¬ 
ation and control loops in more detail. In contrast to Fig. 9.14, this drawing assumes the 
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FIGURE 9.15. Flow diagram—chlorine drying. 
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use of three separate columns. Chlorine gas flows through the three columns in series, 
with measurement of pressure before and after each column. The drawing also shows 
thermowells and sample connections at each column. The dry gas flows on to the dry 
demister. 

Fresh acid is supplied to the last column. Acid then flows forward under the influence 
of gravity. The concentration of the spent acid is usually measured by its density, and 
flows into and out of the system can be balanced in any of several ways. One of these is 
to feed fresh acid at a controlled rate and to remove spent acid under level control. This 
is the approach taken in Fig. 9.15. Any variation in the process will be reflected in the 
spent acid concentration, until the feed rate is changed to compensate. To prevent this 
drift, some plants feed fresh acid on outlet density (concentration) control. The feed rate 
varies in response to this measurement, and the acid cascades through to the first effect 
for removal. The holdup of acid is very large relative to its feed rate, and so spent acid 
concentration responds very slowly to a change in input rate. Many designers reject this 
approach because of the unfavorable dynamics of the long dead time. When acid flow 
is automatically controlled by the spent acid concentration, the reset component should 
be very weak. 

An alternative is for the system operator to vary the acid addition set point as 
necessary to keep the desired spent acid concentration. Section 11.3.2.3A describes 
typical measuring instruments, but some systems rely on manual measurement of the 
concentration. There are other possibilities as well. Conceptually, at least, the spent acid 
can leave the first column through a lute, removing the need for level control, or it can 
be removed under density control with fresh feed under level control. 

The rates of flow of circulating acid into the columns must be measured. Flow 
around a packed section usually amounts to 1.5 to 3 m^ per ton of CI 2 . The flow must be 
adequate rather than closely controlled. Rough manual control for occasional setting is 
acceptable, but the meters should have low-flow alarms. The circulating acid temperature 
in the first one or two stages also should be monitored, with high alarms. The drawing 
also shows acid sampling points in the pump suction lines. 

The system for removing weak acid from the first column must be duplicated on 
the second if the dryers are to operate with the first column out of service. The designers 
may choose not to install duplicate instrumentation, but connections must be available 
to allow easy installation when it is needed, 

9.1.4.3C. Tray Columns. With properly designed trays, there is no need to recirculate 
large quantities of acid in order to obtain good mass transfer. It is good practice, in the 
face of low acid flows, to maintain enough acid on each tray to provide good contact 
time. Bubble-cap or deep-seal trays are a frequent choice. Plate efficiencies are rather 
low, but with the small number of theoretical stages required, columns are still rather 
short. 

The problem of heat removal remains. It is necessary to revert to heavy recirculation 
in the bottom sections, where most of the water is absorbed and most of the heat is 
generated. The recirculating section may use either trays or packing. An alternative 
suggested by some designers is to inject liquid chlorine into the bottom of a tower in order 
to cool the acid. This would require careful design and a thorough analysis of the hazards. 
One hazard to consider is the introduction of liquid chlorine into a new section of the plant. 
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With a tray column, it is relatively inexpensive to build in more equilibrium stages. 
It requires only extension of the column and addition of more trays. As pointed out in the 
discussion on equilibrium performance, this may be of limited value. The tray column 
has definite advantages in the costs of piping and pumping. It has a slight disadvantage 
in that, with most arrangements, the dry gas will be at a slightly higher temperature. 

Control arrangements, with due regard to the differences in the equipment, are 
similar to those used with packed columns. 


9.1.4.3D. Process Redundancy. A certain amount of process redundancy is usually a 
good thing. In the chlorine process, we can consider the cooling and drying steps together 
as a low-pressure gas-conditioning plant and consider ways of providing redundancy. 
The three-bed approach to drying has a certain amount of redundancy in itself. Operating 
with only two beds is practical, at least in the short term. The reader should realize that any 
design is a compromise and that no amount of water is “desirable.” Less-than-optimum 
results can be tolerated for some period of time, and the loss of one stage of drying may 
not justify a shutdown of the entire plant. The design of the drying system may allow 
operation to continue if one stage is lost, and the smaller components then should be 
designed for maintenance access. This approach means that the second stage may be 
forced into service as the “first.” The cooler on the second stage should then be designed 
for the process load normally seen by the first. 

When two stages of chlorine cooling are supplied, the drying system sometimes is 
designed to operate even if the secondary cooler (or chiller) fails. The acid throughput 
will increase. Because the net flows are so low, this is not much of a consideration 
hydraulically, but the acid delivery system must have sufficient capacity for the upset 
condition and at the same time have enough turndown to match the minimum operating 
rate of the plant. The heat load on the drying system can increase substantially, and then 
the heat-transfer capacity will have to be markedly increased. The second-stage acid 
cooler will come more into play under these circumstances. To design for failure of both 
the secondary chlorine cooler and one stage of drying would be considered by many as 
carrying redundancy beyond the optimum. 

Another form of redundancy is the excess capacity often built into plants with more 
than one processing line. If two sets of drying towers are used, for example, the capacity 
of each may be more than 50% of the plant design capacity. The primary justification for 
multiple trains usually is to enhance turndown capability or to allow continued operation 
even when one train must be shut down. The same approach may be taken with the 
cooling section. Given the sizes of chlorine gas headers, valves would be expensive and 
probably ineffective as shutoff devices. Many plants therefore use U- or J-shaped traps 
in the piping. These can be filled with water or acid to stop the gas flow and to isolate 
equipment for maintenance. 


9.1.4.4. Acid Handling 

9.1.4.4A. Characteristics of Sulfuric Acid. Besides its use in drying, sulfuric acid is 
the seal liquid for rotary compressors in evacuation systems and small-scale chlorine 
compression units (Section 9.1.6.2C). To be effective as a desiccant, it should have a 
concentration of at least 93% and preferably 96%. When higher strengths are used, the 
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lower water content is good in itself, but the freezing point and viscosity are also higher. 
Some plants change the strength of the acid supply with the seasons. 

Standard commercial grades of acid usually are suitable. Byproduct acid is widely 
available commercially, and it is important for the user to know his ultimate source and 
to adopt the proper quality assurance program. Troublesome impurities may include 
heavy organics, which can form chlorine compounds that remain with the product, and 
nitrogen compounds, which can form nitrogen trichloride (Section 9.1.11.2A). 

Sulfuric acid is a dangerous material that attacks body tissue very rapidly. Sup¬ 
pliers’ safety data sheets will advise the standard precautions and first-aid measures. 
Section 16.2.5 discusses the hazards briefly. 


9.1.4.4B. Handling and Unloading. Sulfuric acid is shipped in steel tank trucks and 
tank cars. In the United States, ICC 103-A and 103-AW tank cars are used. They are 
unloaded by pump or air pressure. Because acid with its specific gravity of 1.8 or more 
must be lifted through a dip pipe from the car or truck, self-priming pumps are preferred 
for the service. The car then must be vented to atmosphere to avoid the risk of pulling a 
vacuum and collapsing the shell. The pump suction piping should be carried no higher 
than necessary, in order to reduce the amount of suction lift required. An alternative to 
the self-priming pump is to apply a slight pressure to the tanker to begin pumping. This 
pressure must be applied carefully and vented off before returning the empty tanker to 
the supplier. When compressed air is used for unloading, the pressure must be limited 
to the value set by the suppler or appropriate to the particular tanker. This will usually 
be about two bars. If air is supplied from a plant header, the line must contain a pressure 
regulator and a relief valve. From the standpoint of inherent safety, pumping is preferred 
to unloading under applied gas pressure. 

Where flexible connectors are required in unloading systems, PTFE- or FEP-lined 
hoses are usually chosen. Swing joints for loading and unloading arms should be ball- 
and-socket units with Alloy 20 balls and PTFE gaskets. Shipping, loading, and unloading 
of sulfuric acid often are regulated under hazardous material codes. US regulations are 
in Title 49 of the Code of Federal Regulations, Parts 173.249 and 272. 

Unloading operations should never be left unattended. When the tanker is empty, 
the air pressure will drop and the sound of fluid going through the line will change. Air 
should continue to flow until the transfer line is empty. The air supply line then can be 
closed and the tanker vented carefully through a bleed valve. When all pressure has been 
vented, the acid discharge line can be disconnected and the outlet cap reinstalled. 

High-strength acid and oleum may partially freeze in tank cars in cold weather. They 
can be thawed by placing the car in a heated building or by covering it with a tarpaulin 
and exposing it to steam. The best way to introduce steam is through a perforated pipe. 

Fires and open flames should never be used around an acid tanker. Water must never 
be introduced into the car. Besides the violent localized evolution of heat, there is the 
possibility of iron corrosion, with hydrogen as a product of the reaction. There have 
been explosions in strong sulfuric acid systems when water was allowed to enter. Those 
working around a sulfuric acid system should assume that there is hydrogen present. 
Smoking and open lights should be banned. Hot work permits should be required for 
cutting or welding. 
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9.1.4.4C. Storage and Transfer. Concentrated sulfuric acid up to about 99% H 2 SO 4 
can be handled in ordinary ferrous-metal equipment. The rate of corrosion reaches a 
minimum at about 96%. In 93% acid at about 50°C, the rate is 0.6-0.65 mmyr“^. For 
a 10-year life, a corrosion allowance of 6,5 mm should be specified. Anodic protection 
can cut the rate of corrosion approximately in half and extend tank life, but it is not often 
used by chlor-alkali producers. Above 99% and 50°C, the corrosion rate of carbon steel 
is greater than 1.5 mmyr“^ and stainless steel is often specified. 

The acid can be stored in vertical or horizontal tanks. Normal good practice is to fill 
a tank through a submerged pipe. In a tall vertical tank, the dip pipe should be secured 
by a support mounted on the bottom of the tank. The end of the pipe should be at least 
500 mm from the tank bottom; frequently a wear plate 10-15 mm thick is welded to the 
bottom to allow for erosion. This can also serve as a support for the dip pipe’s guide. Top 
entry is preferred, under the general principle that it is well to minimize the number of 
bottom connections. While a side nozzle near the bottom of the shell is sometimes used, 
it should have an insert that is bent to direct the flow of acid away from the tank bottom. 

Tank overflows are carried to grade, and vents are through goosenecks. The 
approach to diking or diversion of spills depends on the location of the tank and the 
presence of other storage tanks nearby. When a tank is connected to a vent collection 
system, a pressure/vacuum relief (PVR) device is required. Wetted-part materials of 
construction usually are Alloy 20 or a resistant plastic. The device must be set, and the 
relief piping designed, to operate within the tank’s design pressure limits. The tank must 
be designed to withstand both internal and external pressures. Vertical tanks usually are 
designed for about ±0.5 kPa. Horizontal tanks may be designed for higher differential 
pressures, up to 5-10 kPa. 

Other design points sometimes observed include the following: 

1. Top nozzles penetrate the shell by 10-50 mm in order to avoid trickling of acid 
along carbon-steel plate. 

2. Side-mounted nozzles similarly penetrate the shell, at least over their top 180°. 

3. Internal pipes and vent and overflow nozzles are of Alloy 20 Cb-3. 

4. Vertical tanks are installed on beams to allow inspection for bottom leaks. 

5. Horizontal tanks are supported by steel saddles mounted on concrete piers. Top 
plates of the saddles are welded to the shell of the tank and span at least 120 ° of 
the circumference of the tank. 

Spent acid, because of its higher water content and the presence of chlorine, is more 
corrosive than concentrated fresh acid. While some systems still rely on carbon steel, it 
is not the best choice for the service. One of the products of corrosion of steel by wet acid 
is hydrogen gas. Alloys and lined systems are therefore widely used. Many of the details 
of tank design are the same as those given above. Differences arise when a storage tank 
is sparged to remove dissolved chlorine (Section 9.1.4.4E). 


9.1.4.4D. Pumping and Cooling. When pumping sulfuric acid, the designer must 
consider its density, viscosity, and tendency to corrode ferrous metals. Standard hori¬ 
zontal centrifugal pumps can be used to transfer acid. High-silicon iron is frequently 
chosen for concentrated acid. This is a brittle material, and piping connections must 
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be free of stress. More dilute acid, or acid containing chlorine, may require the use of 
rubber-lined, Alloy 20, or Hastelloy C pumps. Mechanical seals should be used in order 
to avoid leakage; these can be lubricated by the pumped fluid. Semi-closed impellers 
are the standard, and flexible connections lined with PTFE are often used at the pump 
connections. In the drying process itself, the rate of addition of acid will be quite small, 
and positive-displacement metering pumps are usually chosen for the service. These are 
usually constructed of one of the alloys named above or of a resistant plastic. 

Circulating pumps attached to the different drying stages have different normal 
process duties. However, each pump must have the capability to lift concentrated acid 
at some rate during startup. It may be preferable to specify all pumps the same in the 
interest of standardization. The single-tower approach, with a substantial static head on 
the top-section pump, is the most likely exception. Even here, the pump body can be 
standardized and only the drive changed. 

Acid is not pumped between columns; interstage flows are by gravity. In the single¬ 
shell column, accumulated acid overflows a weir from one stage to the next below. When 
separate shells are used, the arrangement of the piping provides the same effect. 

Plant designers should note that the small metering pumps used for controlled 
addition of acid cannot fill the system quickly. Special arrangements usually are made 
for startups. 

Carbon steel piping can be used to move concentrated acid. Many users will specify 
all-welded Schedule 80 pipe, at least in the smaller sizes. There will be a slow reaction 
between the acid and the iron in the pipe. This can result in the formation of deposits of 
iron sulfates. These can foul valves, and for this reason lined or alloy valves are usually 
specified even in a carbon-steel system. The piping should be kept full to minimize 
sulfation; at the same time, it should be sloped to allow efficient drainage when shut 
down. Hydrogen gas can also form by reaction with the pipe. The last valves in a 
pipeline should be vented to prevent the accumulation of hydrogen. Flanges and packing 
glands, if used, should be covered with shields where there is a possibility of personnel 
exposure. 

Sulfuric acid is especially likely to corrode metal surfaces at high velocity. Carbon 
steel piping systems are usually designed for maximum velocities of about 1 ms“^ 
When more resistant alloys are used (e.g.. Alloy 20), velocities can be increased to about 
2ms“^ 

Because of the low throughput of acid and the periodic nature of transfers, the 
residence times in many pipelines will be quite long. Where appropriate, these lines 
should be protected from freezing by insulation and, where necessary, tracing. 

Many plants use standard shell-and-tube exchangers to cool circulating acid. Special 
exchangers based on PTFE tubing are a more recent development. Heat-transfer coef¬ 
ficients are only about 20 W m”^(®C)“^, but with low-diameter tubing, the exchangers 
are quite compact. Still other designs use plate exchangers. The standard plate mater¬ 
ial is Hastelloy C276, about 0.7 mm thick. Fluoroelastomer gaskets are the most 
common. 

A special feature of plate exchangers that requires some design attention is the 
possible acceleration of corrosion by the flow of the acid. Keeping the acid velocity low, 
at a level determined by the manufacturer, protects against such corrosion but reduces 
the acid-side film coefficient. The cooling water velocity should be sufficiently high to 
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maintain the efficiency of heat transfer on that side. The combination of low acid velocity 
and high water velocity can result in a smaller than normal rise in temperature on the 
water side; this is an inefficient use of water. To correct this, many designs arrange for 
series flow of cooling water through more than one exchanger. With a good balance of 
acid and coolant flows, coefficients in the range 400-500 W m~^ per degree Celsius can 
be obtained. 

Cooling the acid well below normal cooling water temperatures offers no great 
process advantage. Chilled water still is frequently used as a coolant. The greater driv¬ 
ing force for heat transfer is an advantage in the frequent case where the desired acid 
temperature is close to the plant cooling water temperature. Avoiding a temperature 
pinch provides economy in exchanger design, reducing the surface area requirement and 
sometimes simplifying the pass configuration in a plate exchanger. Chilled water also 
can relieve the need to obtain the highest coefficients by high velocity. When two stages 
of drying are cooled and when the header pressures permit, the chilled water consump¬ 
tion can be reduced with no perceptible effect on the drying process by using it on the 
two exchangers in series. 


9.1.4.4E. Dechlorination of Spent Acid. The spent acid from the drying process fre¬ 
quently is a disposal problem. In some cases, it can be returned to the supplier for a 
credit; in others, it can be used on site as a neutralizing agent. Normally, dissolved 
chlorine, which is present in concentrations of 1,500-2,000 ppm, must first be removed. 
The usual approach is to strip the chlorine with a stream of dry air. Very frequently, air 
is simply blown into a storage tank or shipping container through some form of distrib¬ 
utor until the chlorine concentration is reduced to its specified level. Sometimes, air is 
allowed to flow continuously into a spent acid receiving or storage tank. The chlorine¬ 
laden air can then flow to a scrubber. This approach favors the use of horizontal tanks. 
Spargers, which may be of CPVC or PVDF, usually run the length of the tank; their 
size and number depend on the diameter of the tank. When the spargers are mounted 
some distance from the bottom of the tank, the holes may be drilled on their undersides. 
Usually, the holes alternate from one side of the centerline of the pipe to the other. 

Another approach is to strip the chlorine from the acid in a packed column. This 
should reduce the consumption of air by providing a richer off-gas. Typical liquid flow 
rates are close to 10,000kghr“^ m'^ with L/G between 1.5 and 3. Ceramic saddles 
typically are used, in beds between 3.5 and 5 m deep. At normal scales of operation, the 
saddles measure 25 mm or less and result in a pressure drop of 1-2 mmHg m~^ Chlorine 
is least soluble in acid of 70-80% H 2 SO 4 , and the waste product will have its dissolved 
chlorine content reduced to less than 100 or 150 ppm. 

Example. In a previous example, we found that the hourly flow of spent acid from the 
tower contained 568.6 kg of H 2 SO 4 and 160.4 kg of water. The total flow of 729 kg hr"^ 
would require a column area of about 0.073 m^. Allowing for 1,000 kg hr would 
give a safety factor of 37% and provide some surge capacity. At the value of L given 
in the text, the area required is 0.1 m^ and corresponds to*a diameter of 350 mm. Using 
L/G = 2, we arrive at an air flow of 500kghr“^ (about 388Nm^hr“^). Assuming 
that the air used contains 3% moisture and that the acid absorbs all the water (slightly 
conservative), and assuming further that the full design air flow is used but that the acid 
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flow is only the calculated value, the water picked up in the column is 9.4kghr“^ and 
the acid is diluted slightly, from 78 to 77%. 

With a packed section 5 m long and allowing for a flow distributor and an entrain¬ 
ment separator (mesh pad), the pressure loss is estimated to be 1.5-2 kPa. The spent acid 
will normally contain 1.5-2 kg hr“^ of dissolved chlorine. Depending on the circum¬ 
stances of operation and the true flow rate of the air, the concentration of chlorine in the 
column vent will be in the range 150-450 ppm (v/v). 

Another possibility is to reduce the amount of chlorine dissolved in the spent acid 
as it leaves the drying system. This depends on the special ability of HCl to reverse 
the hydrolysis of dissolved chlorine (Section 7.5.9.1). The total solubility of chlorine 
in brine or in acidic solution is suppressed by the presence of any of the species on the 
right-hand side of Eq. (7.82). These species include H''" and Cl“. 

In spent sulfuric acid, a certain amount of chlorine hydrolyzes according to 
Eq. (7.82). The addition of concentrated hydrochloric acid will reverse the reaction 
and release some of the chlorine from solution. One can visualize several variations on 
this process: 

1. addition of HCl to the spent acid outside the drying column 

2. addition of HCl to the drying column near the bottom or, combined with the 
concentrated H 2 SO 4 , at the top of the column 

3. addition of anhydrous HCl along with the chlorine gas. 

The first two of these approaches add water to the system and dilute the spent acid. In our 
example, addition of 2.9 parts of 32% HCl to 100 parts of spent acid would reduce the 
final H 2 SO 4 concentration from 78% to 75.8%. Alternatively, an increase of about 4% 
in the rate of feed of fresh H 2 SO 4 would maintain the spent acid concentration of 78%. 

The authors can cite no current application of this process. Its fundamental 
disadvantages are the cost of the HCl and its contamination of the sulfuric acid byproduct. 

9.7.5. Mist Elimination 

One of the problems associated with sulfuric acid is its tendency to form mists. The liquid 
particles in mists are by definition 10 |Jim or less in diameter, and sulfuric acid mists range 
down into the submicron sizes. Particles larger than about 3 p.m are collected efficiently 
by inertial impact, but Brownian motion becomes the predominant mechanism below 
1 |xm. Wire-mesh and other conunon impingement-type mist eliminators therefore lose 
their efficiency below 1 or 5 |xm. 

To put the requirements of sulfuric acid demisting in perspective, the material that 
follows compares a wide range of typical devices. The discussion generally follows the 
presentation of Ziebold [29]. First, Table 9.3 shows the nominal particle diameters below 
which the various devices begin to lose their efficiency. The type chosen for sulfuric 
acid mists in chlorine is a fiber bed packed between concentric screens and suspended 
vertically in the gas stream. Diameters of these elements usually range from 0.2 to 
0.75 m. Lengths may be up to 7.5 m. The list below compares the physical and operating 
characteristics of impaction and diffusion beds. The most familiar style of separator is 
the wire-mesh type [30], which functions by impact of the suspended peirticles with the 
demisting elements. This type therefore requires a minimum gas velocity. The list shows 
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TABLE 9.3. Cutoff Particle 
Diameters for Mist-eliminating 
Devices 


Type 

Diameter, |xm 

Vane separator 

25 

Conventional mesh pad 

5 

Co-knit mesh pad 

3 

Impaction fiber bed 

1 

Diffusion fiber bed 

< 0.1 


that the requirements of these devices are less demanding, but their ability to remove the 
finer particles is not adequate for our purposes. 


Parameter 

Impaction 

Diffusion 

Fiber diameter, \im 

10-40 

8-10 

Gas velocity through bed, m s“^ 

1-3 

0.05-0.25 

Pressure drop, mm w.c. 

100-250 

100-450 

Particle size collected, |xm 

1-3 

0.1-3 


The diffusion fiber bed uses the Brownian motion of the particles to achieve high 
efficiency. Multiple elements, or “candles,” are the standard in all but very small plants. 
They are suspended from tube sheets, with flow from the outside of each element to the 
inside. This forward-flow arrangement has layout constraints and is the more expensive 
option, but it allows inspection and most maintenance work to be on the clean side of 
the apparatus. It also facilitates adjustment of gaskets after cold flow. 

Demisters are specified to remove essentially 100% of particles above 3 ixm in dia¬ 
meter, Removal of smaller particles depends on the type of element chosen, but in the 
service under discussion, it usually is specified as 99% or better. The tight construction 
required leads to greater pressure losses than in other types of mist eliminator. A 
compensating advantage is that performance improves on turndown. 

Typical mist loadings in chlorine gas are 0.15-1 gm“^. The design basis should 
be higher, at about 1.8 g m“^, with face velocities about 2.5-8 m min”^. Pressure drop 
is usually about 10-30 mbar. The packing is fiberglass, held by stainless steel mesh in 
a confining vessel of carbon steel. Fluoropolymer gaskets seal the candles to the tube 
sheet. The size and number of candles are determined by the capacity of the plant. 

Figure 9.16 shows a typical flow arrangement. The fibers trap the acid mist and 
the liquid then trickles to the bottom of each candle. There, it must be collected and 
brought to a drain for removal. A liquid seal on the acid drain prevents bypassing of 
the chlorine gas. The tail pipes, usually of CPVC, can be sealed by maintaining a level 
of acid in the bottom of the vessel or each element can be sealed separately with an 
overflow cup attached to the bottom of the drain pipe. In the latter case, there still must 
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FIGURE 9A6. Typical mist eliminator element. 


TABLE 9.4. Mist Eliminator Design and Operating 
Characteristics 


Type of operation 

Wet gas 

Dry gas 

Materials 

Elements 

Glass or polyester 

Glass 

Mesh enclosure 

FRP" or PVC 

Stainless steel 

Vessel 

FRP^ or lined 

Carbon steel 

Operating Characteristics 

Design mist loading (gm“^) 

7-10 

1.5-5 

Gas velocity (m s“ ^) 

0.05-0.1 

0.1 

Pressure drop (mbar) 

10-20 

10-20 

Efficiency (below 3 |xm) 

99-99.5% 

99-99.5% 


^ Minimum construction based on bisphenol-A resin. 


be a positive seal at the point of removal of acid from the vessel. Withdrawal of the liquid 
through a pipe higher than the bottoms of the tail pipes automatically maintains a seal; 
this approach requires a separate small drain or cleanout at the bottom of the vessel. 

The equipment used to remove the anolyte mist referred to in Section 9.1.1 is quite 
similar. Mist concentrations and design levels are higher than in the dry mist eliminator, 
by a factor of about four. A spray nozzle connected to a water supply is a useful addition 
at the gas inlet. This allows occasional washing of the elements. 

Table 9.4 is a summary of the design characteristics of chlorine demisters [14], 


9.7.6. Compression 

The main process of compression raises the gas from nearly atmospheric pressure to 
one at which it can be processed or liquefied economically. Thermodynamically, the 
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compression of chlorine is quite an ordinary process. As a normal diatomic gas handled 
well below its critical pressure, its behavior is close to that of air and similar materials. 
It is the other properties of chlorine that make it a special case, and O’Brien and White 
[31] have summarized these in a review. Important design points are: 

1. Chlorine is extremely toxic and corrosive. Releases of the gas will have serious 
consequences. 

2. Wet chlorine is extremely corrosive to ferrous metals, which are the standard 
for fabrication of compressors and downstream equipment. Moisture must be 
effectively excluded from the process. 

3. Chlorine reacts combustively with many metals at sufficiently high temperatures. 
The compression ratios must be limited to avoid overheating, and mechanical 
design should prevent dangerously hot spots. 

4. Chlorine reacts with many of the common types of lubricant and can destroy 
their lubricating power or even cause fires. Contact between the gas and these 
lubricants must be avoided. 

5. The dry chlorine present in the compression process will react combustively with 
titanium even at low temperatures. When a compressor shuts down, backflow of 
the gas into a titanium-based cooling system must be rigorously prevented. 

6. Compression is frequently followed by liquefaction, where the efficiency of the 
process depends on the purity of the gas. Ingress of air or compressor seal gas 
will affect the results in liquefaction and therefore must be kept to a practical 
minimum. 


9.1.6.1. Work of Compression. Section 10.4.3.1 discusses the thermodynamics of the 
compression process and derived the energy consumed in certain limiting cases. When 
operation is isothermal, for example, 

W = RT\n{p2/px) (42) 


where 

W = work expended 
T = absolute temperature 
P 2 = final pressure of the gas 
p\ = starting pressure 

Isothermal behavior does not occur in normal compression. The process is more 
nearly adiabatic. With an ideal gas, we then have 

pV^ = constant (43) 

k being the ratio of specific heat at constant pressure to that at constant volume {Cp/Cy). 
In this situation, 


W = piVik/(k - 1) - l] 


(44) 
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The point value of the specific heat ratio depends on the operating conditions. Over the 
operating range of a chlorine compressor, it decreases slightly from feed to discharge. 

Section 10.4.3.1 also points out the fact that a real compression process is not quite 
adiabatic. Instead of Eq. (43), it follows a polytropic path in which 

pV” = constant (45) 

The exponent« is an empirical quantity that is greater than k and replaces it in Eq. (43). 
In all cases, the power consumption is greater than in the adiabatic case. Typically, 
n ^ 1.45. 

Most compression processes involve more than one stage. There are two strong 
reasons for this. In poly tropic compression of an ideal gas, the temperature rises along 
with the pressure. At the end points of the process, 

TilTx - (46) 

The combustive reaction of chlorine gas with metals, referred to in the introduction, 
makes this an especially important consideration in chlorine compression. The com¬ 
pression ratio in a given stage must be limited to a value fixed by the inlet temperature 
in order to avoid the danger of combustion. 

A more mundane reason for multistage operation is the energy consumption of the 
process. In Fig. 9.17, the line 1-2 represents adiabatic or poly tropic compression. The 
dashed line 1-3 shows an isothermal path. The potential reduction in the quantity of work 
done is the area 1-2-3. A two-stage compressor might follow the path l^t-5-6. Line 1-4 
is the first stage of compression. Line 4-5 shows that the interstage gas is cooled back 
to the original suction temperature, and line 5-6 is the second (adiabatic or polytropic) 
stage of compression. The two-stage approach requires less work than the one-stage 
approach, in the quantity 2-4—5-6. Note that cooling the interstage gas is an essential 
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FIGURE 9.17. Energy conservation in multistage compression. 
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part of the process. Without gas cooling, adding the second stage will not reduce the 
work of compression. This justifies the tendency to refer to any number of centrifugal 
impellers in series as a “stage’’ if no intercooler separates them. Figure 9.17 ignores the 
pressure drop between stages of compression, which is largely due to the intercooler. In 
a real case, this loss will detract from the amount of energy saved by the second stage. 

With this background, we turn to the equipment. 


9.7.6.2. Types of Compressor. Many different types of compression machinery are used 
in chlorine service. Low-pressure and vacuum applications are considered elsewhere 
(Section 9.1.12). For compression of the main process flow, we consider centrifugal, 
reciprocating, and rotary liquid-ring compressors. 


9.1.6.2A. Centrifugal Compressors. Centrifugal compressors are the modem standard 
for large plants. The capacities required in chlorine plants are well below the minimum 
normally considered economical for an axial-flow compressor. The machines used are 
constant-pressure rather than constant-volume devices. Like centrifugal pumps, they 
first produce high velocity in the fluid and then convert that energy into pressure energy 
in diffusing sections. Centrifugal machines, whether pumps or compressors, depend on 
impellers, which contain series of radial vanes of various shapes and curvatures, rotating 
inside circular casings. The fluid enters ideally at the axis of rotation and discharges 
from an impeller into the periphery of the casing. The impeller is the only moving part 
in a machine, and the pressure it develops on the fluid corresponds to the sum of the 
centrifugal force of rotation and the kinetic energy imparted by the vanes. 

Figure 9.18 shows the velocity components at the periphery of an impeller with 
backward-curving vanes. The velocity of the tip of a vane is u. The velocity of the fluid 
is u, and the angle between these two velocities is a. The vector difference between v 
and u is the velocity of the fluid relative to the impeller, designated as The angle 
between this and the vector ui^n — Church [32] shows that, when a fluid enters the 
eye of an impeller with no prerotation, the virtual head developed is 

Hyj=uvcosa (47) 

This is the maximum head that could be developed by the impeller under the indicated 
operating conditions. The use of standard engineering units in Eq. (47) may require 
addition of a gravitational acceleration term to maintain consistency. 

In Fig. 9.18, we see that 


u = v cosa -h u' cosf 


(48) 


giving 


Hy = u(u — u^cosf) 


(49) 


In terms of the flow per unit peripheral area {Q), Church’s development converts this to 

Hy = — uQHln tanf) (50) 
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FIGURE 9.19. Deterioration of head developed by centrifugal compressor. Losses: (1) inertial effects, 
(2) friction, (3) leakage, (4) turbulence. 


With a backward'Ciirved impeller, the virtual head decreases continuously as 
the quantity pumped or compressed becomes greater. The characteristic curve of the 
machine, which plots the developed head against the quantity of fluid moved, then tends 
to have a falling characteristic, illustrated in Fig. 9,19. However, Eq. (50) represents the 
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ideal situation with no mechanical losses and an infinite number of vanes on the impeller. 
In a real case, there will be losses and there will be inertial effects in the spaces between 
vanes that induce flow opposite to the direction of rotation of the impeller. These effects 
reduce a and increase The virtual head becomes lower than that computed by the 
equations above. Mechanical, inertial, and turbulence losses are relatively more import¬ 
ant at low flow rates. Their effects on the characteristic curve of the developed head vs 
throughput are more pronounced in that region. Losses due to turbulence actually decline 
as throughput increases toward the impeller’s design point. As throughput continues to 
increase, turbulent losses reappear and increase rapidly. The result is a curve that con¬ 
tains a maximum. Design of the impeller therefore not only affects its efficiency but also 
determines the shape of the characteristic curve. This is an especially important fact in 
centrifugal compressor design, and more will be said on the subject when considering 
surge phenomena. 

The gas is accelerated toward the periphery of the impeller by rotation. After the 
gas enters the diffuser section, it decelerates, and the lost kinetic energy appears as a 
greater pressure on the gas. Diffuser design is also important to the efficiency of the 
process. The gas then usually passes on to another impeller, where the action repeats. 

Advantages of centrifugal compressors include: 

1. high capacity in small space 

2. high mechanical reliability; many operate without installed spare equipment 

3. output flow can vary over a wide range with small change in head 

4. smooth output; no pulsations in flow 

5. no rubbing parts in flow stream 

6. good mechanical efficiency (% polytropic efficiency in high 70s) 

7. good match to steam turbine output; direct coupling not a problem. 

Disadvantages are: 

1. performance depends on molecular weight of gas 

2. impeller tip speeds are very high; good rotor balance required 

3. small increase in output pressure can cause serious loss in capacity 

4. complex lubrication and sealing system necessary. 

The dependence on molecular weight follows from the fact that pressure develops from 
the conversion of kinetic energy. Deceleration of a denser fluid generates a higher pres¬ 
sure. This fact is of enormous importance during the startup of a chlorine line. Beginning 
with a gas approximating air, the compressor must handle all mixtures from the starting 
composition up to nearly pure chlorine. An alternative with a different set of disadvant¬ 
ages is to allow gas from the header to bypass the compressor to the vent scrubber until 
the molecular weight increases to a certain point. 

Performance curves for various mixtures of air and chlorine will help to guide the 
startup engineer. Manufacturers can frequently provide these curves. The manufacturer 
or the operator can also estimate the compressor’s performance on various mixtures 
from the design curves. Lapina [33,34] describes a method that involves first changing 
curves of discharge pressure and power requirement versus volumetric flow into curves 
of poly tropic head and efficiency. He also discusses the volume-ratio effects in multistage 
compressors and gives a criterion forjudging the validity of his procedure. If any curves 
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are available for low-molecular weight operation, it is better to use them and to apply 
Lapina’s method for interpolation. 

Cleanliness of the gas is important. Lubricant oil must be kept out of the process 
stream for a variety of reasons. The air used on the compressor seals (see below) must 
be free of oil and particulate matter. The presence of fine particles in the gas is not as 
damaging in the short term as it would be in a reciprocating machine. Some users have 
in fact removed suction screens, preferring to deal with the occasional fine particle than 
with the large debris associated with a screen failure [35]. Even in the absence of solids 
contamination, there is a buildup on the impellers. The source is organic materials present 
in the cell gas. These may come from the brine or from reaction of cell components with 
the gas. The amount of material formed was greatly reduced by the adoption of metal 
anode technology. Accumulation of solids on the impellers is not a frequent cause of 
compressor shutdown, but removal of deposits still should be part of the routine overhaul 
procedure. 


Performance Curves and Surge. Figure 9.20 shows the shape of a typical perform¬ 
ance curve. Beyond a certain throughput, the curve shows that the developed pressure 
falls as more fluid is processed. Figure 9.19 identified some of the factors responsible 
for the shape of the curve. At low flow rates is the familiar “droop” of a centrifugal 
machine, where the impeller operation becomes inefficient and the pressure actually 
falls as throughput is reduced. Like a pump curve, this one applies to a given impeller 
operating at a given speed. 

The low-flow end of the curve is dashed. This is an area of operation to avoid. At 
low throughput, centrifugal compressors enter the region of “surge,” which is discussed 
below in Section 9.1.6.3 on compressor control. This is a region of dangerous mechanical 
instability in which the machine can be rapidly and severely damaged. We must ensure 
that a compressor always operates to the right of the surge point. 

The shape of a performance curve depends on design of the diffuser and the impeller. 
The most important feature of the impeller in this regard is the angle of the vanes 
at the outer diameter. In chlorine service, the vanes usually are backward-leaning, as 



FIGURE 9.20. Centrifugal compressor performance curve. 
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shown in Fig. 9.18. This arrangement produces a relatively steep curve, which has two 
advantages: 

1. better control characteristics 

2. less dependence of flow rate on output pressure. 

The importance of the latter lies in the reduced probability of surge. If, say, a downstream 
liquefaction process operates at a controlled back-pressure and the pressure increases 
slightly for some reason, a shallow performance curve might allow enough decrease in 
the flow to put the compressor into surge. 


Materials of Construction. The principal materials of construction are ferrous through¬ 
out, but different grades are used for the different components. Casings usually are in cast 
iron or cast steel, and impellers may be in the same materials or in fabricated steel. Early 
designs of centrifugal compressors used riveted assembly for impellers; castings or wel¬ 
ded constructions are preferred today. Shafts usually are of carbon steel with hardened 
or stainless steel sleeves at points where erosion is likely. The selection of materials for 
smaller components that may be subject to friction is particularly important because of 
the danger of combustion. 

A case history will help to emphasize the importance of materials selection and 
the finer details of design. This concerns a fire attributed to design issues associated 
with a new compressor [36]. Some of the corrective actions relate to one of the minor 
components, the balance piston. There is a net reaction force on each impeller in a 
centrifugal compressor, because the outlet pressure on the discharge side works against 
the suction pressure at the inlet to the impeller. The sum total of these forces in a multi¬ 
impeller machine is usually too great to be withstood by an ordinary thrust bearing. The 
shaft therefore includes a rotating collar known as the balance piston to offset the reaction 
force. The balance piston is exposed to the final pressure of the gas on its upstream side. 
The downstream side connects by a balance line to the suction of the compressor. The 
pressure developed in the compressor therefore creates a thrust on the balance piston 
that is opposed in direction to the thrust on the impellers. Proper choice of the balance 
piston’s diameter then largely offsets the reaction forces on the impellers and unloads 
the thrust bearings. 

It is important to provide an efficient seal for the balance piston without allow¬ 
ing excessive temperatures to develop. This requires adequate clearances. Among the 
corrective actions taken to prevent recurrence, clearances were increased and the new 
balance piston was fabricated from Inconel 625, which has a much higher ignition 
temperature in the presence of chlorine (about 540 vs 250°C for the old carbon steel 
piston). 


Mechanical Specifications. API 617 is a standard and widely used mechanical spe¬ 
cification for centrifugal compressors. Since this is a generalized specification, most 
compressor manufacturers have their own “standard” set of exceptions. Still, it provides 
common ground for comparison of different offers and can be recommended as a starting 
point to engineers specifying part of a chlorine plant. 
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The high rotational speeds in a centrifugal compressor demand attention to the 
critical speed of the assembly, sonic velocity in the gas being compressed, and vibration 
of the rotor. In the normal case of a flexible-shaft machine, operating speeds should be 
between the first and second critical speeds. These usually differ by a factor of at least 
two to five or higher, and it should be possible to operate a compressor with comfortable 
margins on both sides. 

The velocity of sound in chlorine is relatively low. At standard conditions, it is only 
206 ms“^ (750 km hr“^), less than two thirds the sonic velocity in air. While air com¬ 
pressors typically operate with tip speeds above 250 m s“^ then, chlorine compressors 
are restricted to lower speeds partly in order to avoid sonic shocks. 

The rotor assembly in a chlorine compressor should always be carefully balanced, 
and its vibration at the operating speed should be measured, A peak-to-peak vibration 
limit of 50 jxm at low speed is common. At higher speeds above about 5,000 rpm, the 
vibration might be restricted to some lower value. An API specification limits the vibra¬ 
tion amplitude to about 38 jxm at 6,000 rpm. The Compressed Air and Gas Institute 
relates allowable vibration amplitude to the rotational speed by Amplitude (mm) = 
(7.75 rpm”^)^/^. Evans and Istas [35] report various criteria used in the industry, along 
with the fact that manufacturers in practice are more concerned with the rate of increase 
of vibration than in its actual value. They present a graph that is equivalent to Amplitude 
(mm) = 305 rpm“^, corresponding to a vibrational speed of about 10 mm s“^ 

Casings may be split horizontally or vertically. The former has advantages in main¬ 
tenance, because access to the rotating element is easier. Its disadvantage lies in the 
increased area that must be sealed. The latter fact often leads to the use of vertically split 
casings. In the case of chlorine, however, required sealing pressures are not great and 
horizontally split casings are normally specified. 

The centrifugal compressor, with its high rotational speed, is unique in requiring a 
speed increaser between the drive and the compressor. The chlorine process places no 
special demands on the gear increaser used here. Within the limits of good practice, any 
rugged high-quality unit will serve. 

Shaft seals usually are dry ring or labyrinth units. There is no attempt to produce 
an absolute seal; the path for the flow of gas through the seal is long and tortuous in 
order to keep the flow of gas small. In chlorine service, such a seal is always padded 
with dry air or nitrogen at a pressure higher than that of the process gas. Flow through 
the innermost seal is into the process, and its presence must be accounted for in design. 
A number of nonsegmented seal rings are necessary, and they will be held in place by 
stainless steel spacers and axial springs. A buffer gas of dry air or nitrogen, supplied 
at 0.1-0.4 bar above the process pressure, once again is used. Most of the rings vent 
into the process side; in an outboard seal, a smaller number vent to the bearing side, 
where there will be a slight positive pressure. In a typical system, about 2-5 kg hr”^ of 
air may be added to the process. The flow into the bearing chamber may be 5-10 times 
as high. 

Figure 9.21 shows the direction of gas flows in a typical labyrinth seal. The number 
of chambers shown here is approximately the minimum; a real unit may be more soph¬ 
isticated than the one shown. Dry air (or nitrogen) enters the outermost chambers at a 
positive pressure maintained above that of the inboard seal on the compressor suction 
by a differential pressure control valve. Flow is then either to atmosphere or into the 
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next seal chamber approaching the compressor. On the suction side, flow is finally into 
the body of the compressor itself. On the discharge side, a balance line connects the 
seal chamber once removed from the compressor to the innermost seal on the suction 
side. The innermost chamber on the discharge is at a lower pressure, equalized with the 
process suction line. All gas that flows through the discharge seal toward the compressor, 
along with all leakage from the compressor outlet chamber, goes through this balance 
line and into the compressor suction. 

While some gas flow is accepted through the seals, clearances are very small in order 
to keep it to a reasonable minimum. There is always the potential for contact friction in 
a seal, which means the development of a hot spot. Metal parts often are upgraded from 
carbon steel in order to raise the ignition temperature of chlorine. Another approach is 
to fabricate a seal with one member of a polymeric abradable material [37]. 

Lubrication is by oil supplied by an external system. The same source can be used 
for the compressor, the drive, and the gears. The oil system should include a spare 
pump. Dual filters should be supplied as a minimum. Some designs include a spare 
cooler and a spare filter, totally interchangeable. Oil should be on the tube side of the 
cooler(s), and the tubes should be of a corrosion-resistant material (e.g., cupronickel) to 
prevent contamination. Protection against low oil pressure should include a preliminary 
alarm, an automatic start of the standby pump, and ultimately a compressor shutdown. 
Bearings should be designed to prevent oil whip. This is a phenomenon associated with 
pressure-lubricated sleeve bearings and is especially likely at the high rotational speeds 
of centrifugal compressors. A shaft is supported by a wedge of oil, created by rotation of 
the shaft and shifted in the direction of rotation. At high speed, the wedge can be unstable. 
The oil then rotates in the bearing, a new wedge forms, and the process repeats. The 
result is a pronounced vibration with frequency about half that of the rotational speed 
of the shaft. A pressure dam bearing can counteract oil whip. A more secure approach, 
with somewhat higher cost, is to supply tilting-pad bearings. 
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9.1.6.2B. Reciprocating Compressors. Although reciprocating compressors are more 
energy-efficient, centrifugal machines have largely replaced them as the primary com¬ 
pressors in the chlorine process in large plants. Mayo [38] gives some of the reasons for 
this and reviews industrial experience with all common types of chlorine compressor. The 
chief disadvantages of reciprocating compressors are their higher maintenance require¬ 
ments and their sensitivity to entrained liquid or solid. They are still used in sniff gas 
recovery systems and to boost the pressure between stages of liquefaction. In these 
applications, the disadvantages cited are less important. Suction pressures are higher, 
volumes are lower, and there is less chance of a problem with dirty gas. 

Restrictions on frame size limit reciprocating compressors to about 200 kW oper¬ 
ating load. API 618 is the most common general design standard for these machines. 
Chlorine compressors tend to have horizontal cylinders, either single- or double-acting, 
and to have horizontally split casings with flow in the top and out the bottom. A principal 
material of construction is cast iron. Because of this, a stress-free piping installation is 
important. Cylinders are cast iron or carbon steel, with removable liners of a resistant 
metal (e.g., high-nickel iron). In some applications, low-temperature steel is required. 
Pistons also are carbon steel, perhaps stress-relieved, with segmented carbon rings. 
Piston rods are stainless steel, perhaps with a hardened overlay. Small valve parts are 
stainless steel or high-nickel iron, and seats and guards range from cast iron to K-Monel. 
Cylinders and heads sometimes are water jacketed; this allows removal of some of the 
heat of compression. When multiple lines are needed for capacity or reliability, or when 
multiple stages are needed to achieve the compression ratio, it is possible to mount more 
than one head on a compressor frame. This, however, is not the normal practice in the 
chlor-alkali industry. With the proper piping arrangement, the use of only one cylinder 
per frame makes it possible to operate with a unit removed for maintenance. 

The drive end of a compressor will be lubricated with oil. The reciprocating rod will 
carry oil on its surface beyond the packing box. This oil must not be allowed to come 
into contact with the chlorine. “Distance pieces” will prevent the oil from reaching the 
compression cylinder. The safest arrangement is the use of double distance pieces long 
enough so that no part of a piston can come into contact with both oil and chlorine. The 
distance pieces are closed gas-tight chambers. At the drive end, the distance piece is kept 
under a positive pressure of 0.1-0.5 atm by a flow of nitrogen or dry air. At the chlorine 
end, the distance piece is kept approximately 0.5 atm above the discharge pressure. It 
is isolated from the cylinder by nonlubricated carbon packing; any leakage through the 
cylinder packing is into the process and not to the atmosphere. The distance pieces can 
be vented to the compressor suction. 

A reciprocating compressor can not be driven at full line speed. Rotational rates of 
about 500 rpm are typical; they are restricted in order to keep piston friction and wear 
within acceptable limits. This amount of speed reduction can be obtained with a V-belt 
drive through appropriately sized sheaves. 

From the process standpoint, the major objection to reciprocating compressors 
would be their pulsating flow. Pulsation dampeners installed before and after a com¬ 
pressor help to rectify this. These are carbon steel vessels whose basic purpose is to 
provide enough volume to reduce the amplitude of the pressure pulse to a satisfactory 
level, usually about ±1-2% of the operating pressure. The pressure drop should be no 
more than 1% of the discharge pressure. On the suction side, the volume should be at 
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least five times the total displacement volume of all connected pistons. The diameters 
of the vessel connections should be at least twice that of the largest compressor con¬ 
nection. The discharge dampener will operate at high pressure but can be smaller than 
the suction dampener. It may be small enough to be mounted close to the compressor 
discharge, in which case the gas will enter the top of the shell and leave from one of 
the heads. There should be temperature indication at the inlet and pressure indication on 
the body. 

Dampening vessels should have drain connections. Some are designed with baffles 
to make them more efficient or to achieve the same result in a smaller volume. These 
should be designed to permit drainage to a common point. 

When there is danger of liquid entrainment in the gas fed to a compressor, a phase 
separator should be installed. A simple inertial/gravity separator with a tangential inlet 
that accelerates the fluid downward and then decelerates the gas through a 180® turn is 
usually all that is required. 

When compressor jackets or packing glands are cooled with water, it is necessary 
to have a source that can tolerate higher pressure drops (1-2 bar) than called for by the 
typical heat exchanger. The water must not be corrosive to steel and should be filtered 
to a level of about 100 p.m. 


9.1.6.2C. Liquid-Ring Compressors. Liquid-ring compressors sealed with sulfuric acid 
are widely used in primary chlorine compression, especially in small plants. Figure 9.22 
shows how a typical liquid-ring compressor works. The eccentrically mounted rotor 
circulates the liquid around inside the casing. The rotating liquid therefore moves away 
from and then back toward the center of the chamber. This allows gas to be drawn into 
the casing through inlet ports and then squeezed toward the outlet ports, where it leaves 
along with the liquid in two-phase flow. An approximately elliptical casing with a rotor 
mounted near its center will produce two suction-compression cycles with each turn of 
the impeller. 

A rotating piston of viscous liquid is not an efficient energy-transfer device, and so 
the power consumption of these compressors is relatively high. Typical efficiencies are 
50% and lower. A compensating advantage is that the acid absorbs most of the heat of 
compression, and so the process is more nearly isothermal. As Fig. 9.17 and Eqs. (42) 
and (44) show, this characteristic helps to offset the low efficiency by reducing the 
theoretical energy requirement. In addition, larger compression ratios can be achieved 
without danger of chlorine/metal combustion. Compression ratios of more than five are 
possible, and a single stage can produce normal liquefaction pressures. 

The action of the liquid-ring compressor gives a certain amount of pulsation in the 
delivered pressure. While this is not as severe as that encountered with reciprocating 
compressors, it should be recognized. The acid separator attached to the compressor 
provides some dampening on the outlet side. Some manufacturers will recommend a 
minimum volume on the inlet side, which is often only a length of expanded inlet 
piping. 

The compressor usually is of cast iron (perhaps with high nickel and molybdenum 
contents). The impeller may be ductile iron with an alloy steel shaft. There is usually a 
shaft sleeve fabricated from a more resistant alloy. 
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FIGURE 9.22. Operation of a liquid-ring compressor. 


The gas must be separated from the acid that is pumped by the compressor. This 
occurs in a separating vessel on which an acid mist eliminator is mounted . The com¬ 
pressor and vessel may be close-coupled. They should at least be mounted close to each 
other, and in no case should there be a sizable increase in elevation between compressor 
and separator. The vessel may be horizontal or vertical, but it must provide sufficient 
time for the acid to settle from the gas. Carbon steel is a satisfactory material of con¬ 
struction, but its use depends on proper process control. The separating vessel may have 
a sufficient inventory of acid for the process, or a separate receiver may be supplied. 

The acid collected in the separator recycles to the compressor. Depending on 
the arrangement, the acid is pumped or the pressure developed by the compressor 
forces the acid back to the suction. The circulating acid must be cooled to remove 
the heat of compression and to maintain a low temperature in the system. The rate of 
corrosion increases rapidly above about 40° C, and that should be the normal max¬ 
imum permitted, with an alarm set a few degrees higher. The acid cooler can be 
any of the types described in Section 9.1.4.4D. Any leakage in the exchanger can 
not be allowed to enter the acid/chlorine side. In tubular models, the water pressure 
should be kept below the circulating acid pressure. If the cooling water supply pres¬ 
sure is not low enough to guarantee this, it should be throttled to a lower pressure or 
allowed to run with an open discharge. Either case may require pumping to send the 



820 


CHAPTER 9 


water to the return header. Plate exchangers tend to leak to the outside through the 
gaskets separating the plates, and with them there is less danger of water entering the 
process. 

The mist eliminator can be internally or externally mounted. The filtering elements 
will be suspended candles, and the acid they capture will drain into the acid receiver. 
Section 9.1.5 treated the subject of removal of acid mists. 

The acid concentration must be kept high to prevent corrosion. The compression 
system in effect acts as an additional stage of chlorine drying and continues to pick 
up traces of moisture. The system should be charged with acid of the highest con¬ 
centration available (minimum 96%). The strength of the circulating acid should be 
checked regularly, and the acid should be changed when its concentration has fallen 
by about 2%. There should be a provision for transferring this spent acid to the drying 
system. 

Figure 9.23 shows a flowsheet for a system using the developed pressure to transfer 
the acid back to the compressor. The instrumentation includes suction pressure control 
(by recycling compressed gas), pressure indication and high alarm on the acid separator, 
flow restriction on the cooling water supply, indication of differential pressure between 
the circulating acid and cooling water with a low alarm, and an acid flow indication with 
high and low alarms. The dashed lines show the insertion of an acid-circulating pump. 


9.1.6.2D. Diaphragm Compressors, Diaphragm compressors effectively have a recip¬ 
rocating action, but they differ mechanically from the reciprocating type described above. 
A diaphragm that usually moves vertically replaces the piston. It draws gas into a chamber 



FIGURE 9.23. Flow diagram—liquid-ring compression of chlorine. 
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from one side and expels it from the other. As a group, diaphragm compressors are 
smaller and less robust than reciprocating compressors. They are not suitable in the main 
process. 

However, diaphragm compressors can be used in chlorine service to help empty 
a transport container or to transfer product between storage tanks. Section 9.1.8.4A 
describes techniques for such transfers. One of these is to compress vapor from 
the tank being filled back into the tank being emptied. This increases the recovery 
of liquid chlorine without pumping, vaporization, or addition of an inert gas to 
the system. Reciprocating compressors such as those described above and dia¬ 
phragm compressors are the types most frequently used. The differential pressure 
used to transfer chlorine usually is 2-3 bar. Sealing against the fairly high pres¬ 
sure involved and the potential problem of acid entrainment disqualifies liquid-ring 
pumps. 

All the problems associated with chlorine compression apply to diaphragm com¬ 
pressors. They must be protected against combustion of metal parts in dry chlorine. 
Since the compressor head usually is carbon steel, this means a maximum temperature 
of about 120°C. There must be no contact between chlorine and a combustible lubricant. 
Double separation between the two, as was the case with reciprocating compressors, 
can prevent this contact. Two diaphragms with an inert intermediate fluid are standard. 
The oil can be a chlorinated fluorocarbon that does not react with chlorine. The space 
between diaphragms should have a leak detector that sounds an alarm and shuts down 
the compressor when either diaphragm fails. 

As noted above, compressor bodies usually are carbon steel. Diaphragms are stain¬ 
less steel or Monel, and cylinder valves are Monel. Preventive maintenance should 
include periodic replacement of diaphragms and sealing the apparatus with clean, dry 
air or nitrogen during its frequent idle periods. 


9.1.63. Compressor Control 

9. 1.6.3 A. Pressure and Surge Control. Most chlorine gas compressors have some means 
for controlling the suction pressure. It is essential to remember that the control systems 
for the compressor suction pressure and the cell gas header pressure will interact. This is 
one example of the peculiar demands of the chlorine process influencing the approach to 
control system design. Weedon [39] discusses the subject of pressure control at several 
points in chlor-alkali plants, and he presents detailed recommendations for systems and 
hardware in Chapter 11. He stresses the importance of maintaining a constant pressure 
on the low-pressure chlorine header. The most frequent arrangement controls cell header 
pressure directly with one valve. Although it responds to pressure at the cells, there are 
advantages in placing this valve after the drying towers and before the compressors: 

1. the valve’s service is less severe 

2. the line size and the valve are smaller 

3. the pressures in the cooling and drying systems are higher, reducing the amount 
of air that enters the system. 

A second valve then controls compressor suction pressure by allowing gas to recycle 
from the discharge of the compressor. Good control maintains a constant differential 
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across the cellroom header control valve, keeps the compression ratio within the design 
limits of the compressor, and allows the compressor to stay on line during a rectifier trip 
by going onto full recycle. 

Gas recycle wastes energy and requires that the machinery be designed for more 
than the net process flow. The minimum practical amount of recycle is desirable from 
the standpoint of process efficiency. In chlorine processing, however, safety and process 
stability perhaps should be given more weight than in many other applications. Most 
systems have a constant recycle of up to 10% of throughput. 

In a plant producing liquid chlorine, the compressed gas goes next to the lique- 
faction system. Rather than impose a pressure drop between the processes, the gas is 
allowed to flow freely into liquefaction. A valve on the uncondensed gas venting from 
the liquefaction unit (Section 9.1.7.2) controls the pressure on both systems. When chlor¬ 
ine is sent to another process without liquefaction, it would be possible to withdraw it 
on downstream pressure control and let the compressor outlet pressure fluctuate. This 
approach leads to variability in the differential pressure across the compressor recycle 
valve. Ructuations in this flow can cause fluctuations in the compressor suction pres¬ 
sure and therefore in the cellroom chlorine header. It is better to control the compressor 
outlet pressure itself, even at the cost of another pressure control loop at the destination. 
Section 11.3.2.6 describes instrumentation hardware and the problems of transferring 
chlorine to more than one destination. 

Location of pressure-measuring points is critical. Reciprocating and liquid-ring 
compressors deliver pulsating flows. The pulsations are much larger in the reciprocating 
case. Properly sized vessels in the suction and discharge lines can dampen these pulsa¬ 
tions. Centrifugal compressor controls, on the other hand, must be designed to prevent 
surge. Surge is a complex phenomenon resulting from an imbalance between radial and 
tangential velocities on the rotating wheel. Suffice it to say that when the net flow is 
too low at a given wheel speed, flow becomes unstable. When surge begins, output flow 
and throughput drop precipitously, allowing compressed chlorine to flow back into the 
compressor. Flow recovers as material “piles up” in the chamber, but then the problem 
can recur. This leads to a series of rapid pulsations. The frequency and amplitude of the 
pulsations vary with the situation. Surge can produce anything from minor damage to 
complete destruction of parts. 

Impeller design and rotational speed determine where the onset of surge will occur. 
It is not possible to give precise guidelines here; they must be obtained from the com¬ 
pressor manufacturer for each machine. The best defense against surge is the prevention 
of the low flows that lead to instability. Figure 9.24 shows typical characteristic curves 
for a centrifugal impeller rotating at various speeds. If we move far enough to the left 
on any curve, surge results. The points at which this happens can be connected by a 
curve referred to as the surge line. As the speed of the wheel is reduced, surge occurs at 
lower pressures and flow rates. Dimensional analysis shows how the points on the dif¬ 
ferent curves relate to each other [40]. The values of inlet flow rate divided by rotational 
speed and of delivered head divided by the square of rotational speed are both nearly 
constant. 

The goal must be to remain to the right of the surge line. Given the small time scale 
of surge, there should be enough safety margin to overcome brief excursions in flow rate. 
Sufficient flow is achieved by recycling compressed gas. With a multistage compressor. 
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recycle can be from any of the stages or from the final discharge line. In this volume, we 
assume that the fully compressed gas from the discharge line recycles to the suction. 

A surge control system will attempt to establish an operating line to the right of 
the surge line. Since the surge line has a positive slope, it is possible to reduce the 
amount of gas recycled when operating at lower speeds. There are several different 
approaches. When maximum efficiency and process safety are desired, the operating 
line will be roughly parallel to the surge line. This is characteristic of large systems 
with long-term variations in throughput. In such cases, the energy saved by keeping 
the minimum flow close to the surge flow may be significant. A second approach, with 
simpler instrumentation, is to establish an operating line with a slope greater than the 
surge line but with an intercept close to zero. This also conserves energy but increases 
the risk of surge at low speed. A third approach is to establish a vertical operating line. 
Here, the minimum total flow accepted is independent of wheel speed. This will have 
approximately the same flow requirement as the other methods at full speed. At lower 
speed, it will require more recycle and will waste energy. 

The peculiarities of chlorine production offer two reasons to accept the disadvantage 
of the third approach. First, a profitable chlor-alkali plant is one operating near capacity or 
at the maximum sustainable steady rate. In most situations, load changes are infrequent, 
as is extended operation well below capacity. When the latter does occur, the operating 
line of the control algorithm can be adjusted temporarily. Second, there is an advantage 
in maintaining an active recycle flow at all times [39]. First of all, recycle is commonly 
used for suction pressure control. Second, the fact that a recycle valve is partly open 
and actively throttling makes it easier for that valve to respond to a rectifier trip. This 
increases the rate of response and helps to prevent surge in that situation. Having the 
compressor operating at full recycle while the cells are down then makes restarting the 
cells easier and smoother. Weedon therefore recommends a simple system based on a 
selector switch. Both the suction pressure and the total gas flow through the compressor 
would be monitored. The suction pressure controller normally would fix the amount of 
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recycle. If the total flow fell below the value set by the flow controller, the recycle valve 
would open farther until the desired flow was obtained. 

Developments in cell and control system technology since Weedon’s paper suggest 
possible variations. If membrane cells operate at a significant positive pressure, the 
cell header pressure control and compressor suction pressure control can be made less 
interdependent. Some variation in suction pressure can be accepted in the interest of 
overall process efficiency. On the control system side, computing power has advanced 
enormously in the past decade. Some logic can be built into the control system without 
compromising process dynamics. 


9.1.6.3B. Capacity Control. Reciprocating compressors are constant-volume machines 
and in practice are run at constant speed. They tend to pump a given volume of gas 
from suction pressure up to a maximum pressure determined by drive capacity. Nothing 
in their basic operation permits capacity control. In larger plants, the use of multiple 
units allows some to be taken off line when the operating rate is low. Various means 
of unloading then can reduce the output of individual machines. In one approach, the 
suction is closed off and the compressor continues to run without gas feed. A variation 
on this holds the cylinder inlet valves open and prevents the gas from being compressed. 
Both, as described, are nothing more than on-off control, but it is possible to stage the 
response of the inlet valves to get some crude stepwise control of capacity. Smaller steps 
in capacity are offered by the use of clearance pockets. These are chambers built into the 
casing and isolated by valves. When too much gas is compressed, the clearance valves 
open and allow gas to be compressed into the pockets. This gas re-expands into the 
compressor on the suction stroke and prevents the entry of an equivalent amount of fresh 
low-pressure gas. 

Fine adjustment of capacity depends on blowing off excess gas or recycling to the 
suction. Release of gas while taking the former approach obviously is not appropriate in 
chlorine compression. 

Centrifugal compressors have head-capacity curves similar to those of the more 
familiar centrifugal-pump curves. Within the lower limit necessary to avoid surge and 
the upper limit of impeller capacity, each unit can in theory operate at any point on its 
curve. 

Common techniques of capacity control with constant-speed machines include: 

1. suction or discharge throttling 

2. recycle of cooled discharge gas to suction 

3. adjustment of inlet guide vanes. 

In chlorine compression, suction throttling is not an option if a valve on the compressor 
inlet line already is being used for cell-header pressure control. Discharge throttling 
is the least energy-efficient approach and is seldom used. Both the other methods are 
used, with adjustable inlet guide vanes more likely to be supplied with larger machines. 
They are most effective when the gas is clean, and they usually are supplied only on 
the first stage of compression. In our illustrations in this volume, we assume the use of 
recycle of discharge gas. Compressor speed variation is another possibility. This offers 
higher efficiency, and Section 12.5.1 mentions recent trends in adapting variable speed 
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drives to other compressor applications. However, it is an expensive alternative with an 
electric motor drive, and the fact that surge limits must be observed even at very low net 
throughput limits the saving that can be achieved. If the compressor is driven by a steam 
turbine, however, variable-speed operation becomes more practical and is often used in 
combination with number (2) above. Since the net throughput in the final analysis is set 
at the cells, the recycle technique has the advantage of not requiring two modes of flow 
control to exist in series. The compressor, running on its performance curve, wastes any 
excess capacity. The appeal of the other methods is their avoidance of this waste, and 
they are often used in combination with gas recycle. 

Liquid-ring compressor throughput usually is controlled with a simple gas-recycle 
system. 


9.1.6.3C. Protective Instrumentation. Some compressors require an extensive list of 
instrumentation to avoid unsafe situations and mechanical damage to the compressors 
themselves. This is particularly true in the case of centrifugal machinery. A previous 
section discussed the most prominent example, the surge control system. Other likely 
sources of damage of the rotating machinery are vibration and the loss of lubrication. 

Shaft position and vibration are monitored continuously during operation by eddy- 
current proximity probes adjusted to within 1-1.5 mm of the shaft. Radial vibration is 
generally not symmetrical. Ideally, vibration should be measured in more than one plane. 

Lubricating oil is pumped from a reservoir to the compressor and then runs down 
from the machine to the tank. The tank should have level and temperature indication and 
a low-level alarm. The pumped oil is cooled and filtered before going to the compressors. 
Dual filters rated at about 10 \im are used, and a standby pump is provided. The oil must 
be dry, and so its reservoir is frequently blanketed with nitrogen. Some of the alarms on 
the oil system will be supplemented by shutdown switches in case operator action fails 
to prevent further departure from the control point. 

When steam turbine drives are used, equipment to remove water from the oil is 
included. Instrumentation includes pressure gauges at the pumps; temperature indication 
before and after the coolers, and a high-temperature alarm after; differential and outlet 
pressure measurement at the filters, with a high-differential pressure alarm and a low- 
pressure alarm with a switch to start the idle pump; pressure indication and low-pressure 
alarm on the oil supply header; low-pressure alarm on the oil return; and temperature 
elements and high-temperature alarms on the lubricating points at the motor, gear, and 
compressor. Axial vibration monitors are on the outlet sides of the gear and compressor 
shafts. Radial monitors are on both sides of both ends of these shafts. All are equipped 
with prealarms and, in case of dangerously excessive movement, shutdowns. The radial 
vibration monitoring points may be exhibited through a common alarm. Axial vibration 
is indicated separately. Bearing temperatures are monitored closely. Journal and thrust 
bearings on both sides of the compressor and the gear increaser usually are equipped 
with temperature indicators. 


9.1.6A. Cooling in Compression Systems 

9.1.6.4A. Suction Chillers. The ignition temperature of dry chlorine in contact with mild 
steel is about 250°C. A compression system is usually designed for bulk gas temperatures 
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well below this in order to allow for upsets and hot spots. The gas temperature is limited 
by limiting the compression ratio in each stage and by cooling the gas. The typical 
chlorine compressor therefore is a multistage device with a number of coolers attached. 

Precooling of the dried gas is a common operation. Reducing the temperature 
of the feed gas allows higher first-stage compression ratios. Because the gas fed to 
the compression area from the dryers is close to normal cooling water temperature, 
refrigerated systems are necessary if this operation is to be of substantial value. Chlorine 
therefore is frequently cooled before compression by indirect contact with a refrigerant 
in a standard shell-and-tube exchanger or by direct contact with liquid chlorine in what 
is often referred to as a suction chiller. 

In a suction chiller, chlorine returned from liquefaction boils at compressor suction 
pressure. Since this pressure is usually close to atmospheric, chlorine will boil at about 
—34°C, where its heat of vaporization is 288 kJ kg“^ Returning 15% of the net through¬ 
put to the suction chiller can cool the gas to — or lower and allow the compression 
ratio in the first stage to be increased by about 58%. This technique increases the flow 
of chlorine through the compressor by the amount of liquid vaporized. In cooling the 
gas, it removes no heat from the process. The heat load ultimately is transferred to the 
refrigeration system in liquefaction. 

The typical suction chiller is a column fabricated from low-temperature carbon 
steel. It may use a spray, contain plates, or be packed with saddles. The liquid chlorine 
is brought in below the top through a distributor and allowed to fall in countercurrent 
flow to the gas. The top section serves as an entrainment separator to protect the com¬ 
pressor from droplets of liquid and usually contains a high-efficiency demister pad (about 
100 mm thick). A pool of liquid is maintained in the bottom of the column, and the net 
accumulation is removed under level control. 

The net mass velocity of chlorine through a packed suction chiller is typically 
200-250 tpd m“^. Pall rings are frequently used as packing, in beds 2.5-3 m high. This 
makes the packing requirement 0.01-0.015 m^ per tpd. Carbon steel is the main material 
of construction, but some of the internals are stainless steel or other material with better 
corrosion resistance. These internals include the demister pad and sometimes support 
rings and packing. 

If the suction chiller were simply a heat-transfer device, there would be no need 
to maintain a liquid flow from the bottom; the rate of liquid feed could be set strictly 
by thermal demand. However, the flow of liquid enables the column to serve also as a 
scrubber. Higher-boiling impurities are then removed in the liquid phase, and the purity 
of the gas going on to the compressor can be increased. Impurities commonly found 
in suction chiller bottoms include chlorinated organics formed by reaction of chlorine 
with organics in the feed brine, cell construction materials, and the corrosion-resistant 
layer of FRP piping; bromine formed by electrolysis of bromides in the brine; nitrogen 
trichloride formed by reaction of chlorine with various nitrogen-containing compounds 
and water. Nitrogen trichloride is a hazardous compound whose formation and control 
are the subjects of Section 9.1.11,2. 

Some systems add a stripping section to the suction chiller. These permit the 
recovery of some of the chlorine that otherwise would have been in the bottoms. In 
doing so, they can aggravate a hazard by increasing the concentration of NCI 3 in the 
remaining liquid. Figure 9.25 shows extended operation with a continuous stripper. 
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Purified CI2 



FIGURE 9.25. Suction chiller bottoms stripper. 


Here, it appears as a second column. It could equally well be a smaller-diameter section 
attached to the main column. The bottoms product collects in a pot containing a solvent. 
The purpose of the solvent is to keep the concentration of NCI 3 below the hazardous level. 
Section 9.1.11.2 also discusses the use of the bottoms collection system to destroy NCI 3 . 

Bromine scrubbed from the gas in a suction chiller is present largely as BrCl. The 
very existence of this compound has been somewhat controversial because the thermo¬ 
dynamic effects of its formation from the elements are small. Its heat of formation from 
the elements is only 0.7kcalmole“^ [41]. All six possible 1:1 interhalogen compounds 
of F, Cl, Br, and I, however, have been identified [42]. Of these, IF is considered unstable, 
and BrCl is the least stable of the remaining five [41,43]. Its freezing and boiling points are 
close to (very slightly below) the arithmetic means of the properties of the elements [44]. 
Specifically, it boils at about 5°C. The various authors referred to above give different 
estimates for the equilibrium constant of the reaction 

Br 2 + CI 2 2BrCl 

but the data center on a value of about five. The practical importance of all this is 
that pure chlorine is marginally more difficult to recover from suction chiller bottoms. 
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While chlorine has a vapor pressure of about 17 atm at the normal boiling point of 
bromine, the corresponding number at the boiling point of BrCl is only a bit more than 
4 atm. About twice as many theoretical stages are required to effect a given separation of 
chlorine from the bromine content. The amount of bromine present in most electrolysis 
salt is too small for the equilibrium to be a serious limitation on chlorine recovery from 
the suction chiller bottoms. 

The BrCl tends to decompose more to the elements as vaporization continues. It is 
therefore possible to recover elemental bromine. With most salts, the quantity available 
is too small to be attractive, and any attempt at bromine recovery will also aggravate the 
problems of the presence of nitrogen trichloride. 

Bromine’s behavior in water differs from that of chlorine. It forms a hydrate, but 
of a different type, with approximate composition Br 2 ’ 8 . 5 H 20 . Hydrolysis to HOBr is 
not favored. Dissolved bromine is present almost exclusively as Br 2 , and tabulations of 
physical properties often express solubility in terms of the Henry’s law coefficient. 

Slow corrosion of carbon steel may continue on the dry side of the process. This 
is due to the small residual water content of the chlorine, and so corrosion is most pro¬ 
nounced when water is concentrated and temperature is raised. The reboiler in a suction 
chiller installation therefore is a frequent source of corrosion problems, aggravating the 
NCI 3 hazard. 

Iron reacts with both of the products of hydrolysis of chlorine: 

CI2 + H2O HCl -h HOCl 
Fe -h 2 HC 1 ^ FeCl2 + H2 
2 Fe + 3 HOC 1 -> Fe203 + 3 HC 1 

These reactions are analogous to those involved in the production of FeC^ 
(Section 9.1.9.4), Addition of iodide salts greatly reduces the rate of corrosion [45]. 
This is attributed to the formation of I^, which is strongly adsorbed on the surface of 
the iron: 


2 KI + CI2 ^ 2 KC 1 +12 
l2^2r 
I2 +1 ^13 

When added to liquid chlorine, iodoform is an alternative source of the element: 

2CHI3 + 3Cl2 3I2 + 2CHCI3 

Iodoform is reasonably soluble in the commonly used bottoms diluents. It can be added 
along with the diluent and replenished approximately weekly. 


9.1.6.4B. Interstage Coolers. Even with a suction chiller as a precooler, the compression 
ratio will be limited to about 3.5 before cooling of the gas again becomes necessary. 
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In this case, the designer can consider indirect cooling with water or a refrigerant as 
well as direct contact with chlorine. The direct contact approach in this case suffers from 
the fact that the boiling point of chlorine in the cooler will be higher. Multiplying the 
pressure by a factor of three, for example, will increase the boiling point by nearly 30°C 
and reduce the cooling potential of the chlorine by a similar amount. The temperature 
achievable by mechanical refrigeration and indirect contact with a refrigerant or brine 
will not deteriorate in the same way. With the high temperature of the gas going to the 
cooler, furthermore, the use of cooling water in a standard shell-and-tube exchanger 
becomes practical. This can not reduce the temperature of the gas to the same level as 
a refrigerant, and the compression ratio in the next stage of compression will be smaller. 
The savings in refrigeration energy and capital costs, however, can make the use of water 
economic. 

When a refrigerant is used, the heat transfer resistance on the cold side becomes neg¬ 
ligible. Clean coefficients on the chlorine (tube) side are usually 125-150 W m~^(°C)~^ 
depending on velocity. Construction is all carbon steel. 

While the pressure differential between chlorine and cooling water usually is the 
reverse of Section 9.1.3.4, the general comments on the hazard of leaks that permit the 
two fluids to mix still apply. 


9.7.7. Liquefaction 

9.L7J. The Refrigeration Process. Normally chlorine is liquefied under pressure by 
exposing it through a heat-transfer surface to a boiling refrigerant liquid. The choice 
of refrigerant and control of the pressure at which it is allowed to boil fix the cold-side 
temperature. The vaporized refrigerant then is compressed and condensed by exchange 
with plant cooling water. The condensed liquid is flashed back to the controlled lower 
pressure, cooling the remaining liquid to its boiling point in the chlorine liquefier. The 
liquid boils under the influence of the heat picked up from the condensing chlorine. This 
cycle continues indefinitely. 

The pressure-enthalpy chart of Fig. 9.26 shows the course of a typical process. Line 
AC represents the boiling of the refrigerant under the influence of the process load. This 
takes place in the first exchanger referred to above. From the viewpoint of one following 
the chlorine flow, this is a liquefier. From the viewpoint of one following the refrigerant 
flow, and in common refrigeration industry parlance, it is an evaporator. 

Segment AB of line AC, an isotherm, is the evaporation of the refrigerant. Segment 
BC represents superheat. Line CD represents compression, and line DG the cooling of 
the refrigerant. In the condenser, first the superheat is removed (segment DE) and then 
the refrigerant is condensed (segment EF). Segment FG represents subcooling of the 
liquefied refrigerant. Line GA shows the reduction in pressure from the condenser to 
the evaporator. Where this crosses the saturated liquid curve (point H), flashing begins. 
At point A, the refrigerant is partly vaporized, and the cycle begins again, with the 
enthalpy increasing as the refrigerant is heated by condensing chlorine. 

The efficiency of refrigeration increases as the temperature of the liquid before 
flashing becomes lower. The process therefore is helped by subcooling the refrigerant 
(FG). Because only a limited amount of subcooling is possible with plant cooling water, 
the process normally also includes separate economizers in which some of the condensed 
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FIGURE 9.26. The refrigeration process. 


refrigerant is allowed to evaporate and cool the remaining liquid. Figure 9.26 shows the 
use of a sidestream of liquid flashing to cool the remainder in a closed economizer. 
The liquid when split is at condition I. The smaller stream passes through a throttling 
valve and partially flashes to a lower pressure and temperature. It then warms in the 
economizer, becoming completely vaporized at condition J. The heat is supplied by the 
main stream of liquid, which in the process cools to condition G. The vapor formed in this 
subcooling operation is returned to the compressor at a pressure somewhat higher than 
that at the suction in a process known as “supercharging.” Other types of economizers 
are frequently used. In an open economizer, liquid simply flashes down to the pressure 
of a lower stage of compression. The closed economizer approach shown on the drawing 
is less efficient because of the temperature differential across the exchange surface. In 
many situations, however, it provides smoother operation. 

Generally, lower-boiling refrigerants must be compressed to higher pressures if they 
are to be condensed by the available cooling water. The energy consumed in producing 
a given amount of refrigeration therefore increases as the process temperature becomes 
lower. 

Liquefaction process design requires the choice of a combination of temperature 
and pressure at which chlorine can be economically condensed. There is a tradeoff 
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between the energy requirements of chlorine compression and refrigerant compression. 
This usually results in a roughly equal split of the energy between the two com¬ 
pressors [31]. 

At high enough pressure, ordinary cooling water could be used to condense chlorine. 
Since the vapor pressure of chlorine is about l,000kPa at 35®C, operating pressures 
of 1,200-1,600 kPa would correspond to 80% liquefaction. Most plants find it more 
practical to operate primary liquefiers at 300-450 kPa and to condense chlorine against 
a refrigerant [46]. When cold water is reliably available, perhaps in the form of seawater, 
it may become practical to use it for chlorine liquefaction. Once liquid chlorine has been 
obtained in the first stage of liquefaction, it can be used as a refrigerant in later stages. 
By reducing its pressure, the chlorine would be vaporized and could then be returned to 
its compressor for another pass through liquefaction. Given a source of sufficiently cold 
water, then, it becomes possible to liquefy chlorine at a reasonably low pressure without 
the aid of mechanical refrigeration. 


9A.7.2. The Liquefaction Process. The liquefaction process uses a combination of 
increased pressure and reduced temperature to condense chlorine from the gas. The 
first subsection below discusses the effects of the operating conditions on the amount of 
chlorine that condenses. In large plants and when high liquefaction efficiency is desired, 
there are usually two or more stages of liquefaction operating at progressively increasing 
severity. 

Figure 9.27 is a flowsheet for the minimum case of single-stage liquefaction. 
The compressed gas enters the tube side of the chlorine liquefier/refrigerant evapor¬ 
ator. A boiling refrigerant on the shell side provides the cooling. The pressure on the 
refrigerant determines its boiling point and the condensing temperature of the chlorine. 


Cooling 



FIGURE 9.27. Basic liquefaction system. 
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Refrigerant #2 


Tail 



Chlorine 

FIGURE 9.28. Three-stage liquefaction system. 


The two-phase process stream goes to a receiver that also serves as a phase separator. The 
liquefied chlorine leaves through a bottom connection. The uncondensed gas, containing 
some of the chlorine along with the noncondensable impurities, goes overhead. A valve 
on the outlet line maintains the desired pressure on the gas in the liquefier and also 
serves to control the discharge pressure of the chlorine compressor. The combination of 
the pressure and temperature on the process side of the liquefier determines the extent 
to which the chlorine can condense (see Achievable Degree of Liquefaction, below). 

The refrigerant vapor from the evaporator is compressed to allow it to condense 
against cooling water. The refrigerant loop in Fig. 9.27 is a simplified version of the 
process explained in Section 9.1.7.1 and shown in Fig. 9.26. 

When the process as shown is not capable of condensing enough chlorine, the 
uncondensed vapor is taken to a second stage. More chlorine will condense if the tem¬ 
perature is lowered or the pressure is raised. Figure 9.27 can also represent the second 
stage of liquefaction. In the lower-temperature option, which does not require a second 
chlorine compressor, the refrigerant might be allowed to evaporate at a lower pressure. 
The thermodynamic properties of the refrigerant limit the range of practical operating 
conditions, and so it is frequently necessary to provide a second refrigeration system 
based on a more volatile material (see Choice of Refrigerant, below). In the higher- 
pressure option, the uncondensed gas from the first stage of liquefaction goes first to 
a compressor and then on to the second stage, and there is no need for a second refri¬ 
geration system. A particular alternative that is possible in this mode is the use of a 
single chlorine/refrigerant exchanger body with two sets of tubes operating at different 
pressures. 

The process can be extended beyond two stages. While there is no fundamental limit, 
the practical maximum today is three stages. Most frequently, the third stage operates 
with both the temperature and the pressure different from those in the first stage. The 
second stage then can be either at a lower temperature or at a higher pressure than the 
first. Figure 9.28 is a schematic diagram of such a process in which the first change is in 
the operating temperature. 


9.1.7.2A. Achievable Degree of Liquefaction. The major complication in the liquefac¬ 
tion of chlorine is the presence of noncondensable gases. These arise in several different 
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ways [31]: 

1. Generation in the cells 

(a) oxygen formed from H 2 O or OH" at anodes 

(b) hydrogen formed at cathodic spots or leaked from catholyte chambers 

(c) carbon dioxide formed from CO^” in brine. 

2. Air (or nitrogen) introduced into the process: 

(a) air leakage into subatmospheric parts of process or during evacuation of 
equipment 

(b) air dissolved in feed brine 

(c) air displaced from piping and equipment after purging and during startup 

(d) air applied to compressor labyrinth seals 

(e) air used as a pressure pad to transfer liquid chlorine 

(f) air added to control hydrogen content in liquefaction tail gas. 

Air also may accompany chlorine removed from returned shipping containers. In this 
case, there may also be some contamination with the customer’s process gas. This 
situation must be monitored and incidents dealt with individually. 

The noncondensables will tend to pass through liquefaction and will carry chlorine 
with them at approximately its vapor pressure at the process temperature. We should 
note here that CO 2 is far less volatile than the other “noncondensables” considered 
here. More of it is likely to condense with the chlorine, and the analysis that follows 
here would require some modification. Assuming that all of the noncondensables pass 
through liquefaction and that the mole fraction of chlorine in the gas is equal to its vapor 
pressure divided by the total operating pressure, we have 

L^\^p(l-y)/y{l-p) (51) 


where 

L = fraction of incoming chlorine condensed 
p = ratio of vapor pressure of chlorine to total pressure (= / O) 

y = mole fraction of chlorine in feed gas 

Efficient liquefaction results when p is low and y is close to unity. The mole fraction 
of chlorine is high (i.e., y ^ 1) when the cell gas is pure and in-process dilution is 
avoided. The purity of the cell gas in turn depends on the current efficiency of the cells 
and the state of the feed brine. Factors determining current efficiency were explained in 
Section 4.4. The brine, as noted above, can contribute a small amount of dissolved air, 
and CO 2 will form by the decomposition of carbonate. Acidification and venting of the 
feed brine can allow most of the CO 2 to be removed before the cells. Further dilution of 
the cell gas can be kept to a minimum by considering the sources listed above and taking 
steps to control them one by one. 

There is a qualification to the last statement. When the hydrogen content of 
the gas is high enough, removal of chlorine by liquefaction could allow the concen¬ 
tration of hydrogen to exceed its lower explosive limit. It is then common practice 
to dilute the liquefaction gas from diaphragm and mercury cells with dry air or 
nitrogen to keep the hydrogen content under control. In this case, any reduction in 
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the amount of air from another source calls for the use of more dilution air. Except 
for the dictates of good practice, then, control of the incidental ingress of air is less 
important. 

One of the advantages of membrane cells is the low hydrogen content of the cell 
gas. Dilution air may not be required, making the liquefaction process more efficient 
and the prevention of contamination by noncondensables more rewarding. 

Within the liquefaction process itself, there is nothing that can be done to influ¬ 
ence the value of y. Recovery of a given amount of chlorine as the liquid then requires 
a certain value of the parameter p in Eq. (51). This is the ratio of the vapor pressure of 
chlorine to the total operating pressure, P^/O. It is low when the liquefaction temper¬ 
ature (and therefore the vapor pressure of chlorine) is kept low and the pressure high. 
Either approach consumes compression energy, and the requirement increases rapidly 
with the severity of the process. Most of the chlorine can be recovered at conditions less 
extreme than those necessary to reach the desired degree of liquefaction. Liquefaction 
therefore is often a staged process. While Eq. (51) still holds, it must be applied to each 
step of an incremental process. After much of the chlorine is condensed under relatively 
mild conditions, the depleted gas is subjected to more vigorous liquefaction, either by 
compressing it or by exposing it to a lower temperature. Only a fraction of the original 
feed gas is exposed to the lowest value of p, and energy consumption is lower than in 
a single-stage process. 

Example, Staging the process saves energy in both the refrigerant and the chlorine com¬ 
pressors. This example will consider chlorine compression only. We want to condense 
98% of the chlorine from a gas whose mole fraction is 0.95. The gas is available at 
90kPa, and the liquefaction process temperature is —20®C. We rearrange Eq. (51) to 
p = (1 - L)y/(1 - Ly) = (0.02)(0.95)/(l - 0.98 x 0.95) = 0.019/0.069 = 0.275. 
Since the vapor pressure of chlorine at liquefaction temperature is 180.54 kPa, we require 
a total pressure of 180.54/0.275 — 656 kPa. The compression ratio required is 7.3. Since 
our purpose is only to examine the energy-conservation opportunity of process staging, 
we ignore the problems that would arise with the high temperature of the compressed gas 
(~ 195°C) and calculate the power consumed by a single-stage compressor. Equation (44) 
for a unit quantity of feed gas and a polytropic constant of 1.45 is 

W/px Vi - 3.222 [(p2/pi)°-^'° - 1] = 2.75 


Now consider a two-stage liquefaction in which we compress the unit quantity of gas 
first to 240 kPa. The compression ratio is 2.667 and the unit power consumption Wi / p\ V\ 
is 1.15. We have p = 0.752, and Eq. (51) gives us L = 1 — (0.05 x 0.752)/(0.95 x 
0.248) = 0.84. A total of 84% of the chlorine condenses. From 100 moles of gas 
with 95% purity, this is 79.8 moles of chlorine. Five moles of inerts accompany the 
remaining 15.2 moles of chlorine, giving a new mole fraction of 0.752. To complete the 
job of recovering 98% of the original chlorine, this gas must be brought to 656 kPa and 
exposed again to the liquefier temperature. Allowing for some pressure loss between 
stages, we now require a compression ratio of 656/225 = 2.916. The amount of gas 
processed is only 20.2% of that in the first stage of compression. The power required to 
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compress what remains of a unit of the original gas is therefore 
0.202 X 3.222[(2.916®-^^° - 1] = 0.26 

The power required for the two stages of compression is (1.15+0.26) p\V\ = \A\p\V\. 
This is approximately 49% less than the single-stage requirement. Adding more stages 
saves relatively little more energy but reduces compressed gas temperatures to add to 
the safety margin and allows more flexibility in machine design and operation. 


9.1.7.2B. Choice of Refrigerant. Desirable properties of a refrigerant are: 

1. no explosion potential 

2. low toxicity 

3. lack of corrosivity 

4. no chemical reaction with chlorine 

5. ease of compression 

6. low cost 

7. convenient range of vapor pressure at process temperatures 

8. no depletion of ozone layer. 

The first seven considerations account for the long dominance of chlorofluoro- 
carbons (CFCs) in chlorine liquefaction systems. These refrigerants are outstanding in 
the first four points listed. The fourth is especially important in our particular case. Acci¬ 
dental mixing of chlorine and the refrigerant should not create a hazard. Also, generally 
CFCs have low specific heat ratios. This property equates to low energy consumption in 
compression (point #5). 

Another item listed is low material cost. Replacement costs of refrigerants are very 
low, and only the first cost is an issue. While a low cost is always welcome, the refrigerant 
is a very small item in the life-cycle cost of a liquefaction plant. We should also note that 
energy cost depends on the efficiency of the refrigeration process. Since the coefficient 
of performance of a Carnot-cycle refrigerator is independent of the medium, differences 
among refrigerants arise only from differences in operating temperature profiles and 
deviations from the ideal. Given a set of process operating conditions, there is again very 
little to choose between any two candidates. 

The seventh item on this list has to do with optimizing the temperature and pressure 
of liquefaction. In the liquefier, the refrigerant must boil at less than the liquefying tem¬ 
perature of chlorine. Its vapor pressure should be high enough to avoid subatmospheric 
pressure at any point. The refrigerant vapor then must be condensed at a temperature 
above that of the available cooling medium. Its vapor pressure at that temperature should 
not be so high as to create a design problem or add greatly to the cost of equipment. The 
ratio of these two vapor pressures will largely determine the amount of energy required 
to compress the refrigerant. With the variety of CFCs available, it was relatively easy to 
pick a refrigerant with a desirable vapor pressure range. In addition, more than one CFC 
could be used in a multistage system to allow cascading of temperatures. For example, 
a number of plants used CFC-12 in primary liquefaction and CFC-13 in a secondary or 
tertiary stage. 
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Despite their ideal in-process characteristics, the very stability of CFCs has made 
their use unacceptable under the eighth point in our list. When released into the atmo¬ 
sphere, CFCs diffuse unchanged to the ozone layer in the stratosphere, where they enter 
into a chain reaction that consumes large quantities of ozone. This reduces the ability of 
the atmosphere to shield the earth from ultraviolet radiation. One of the first actions taken 
under the Protocol on Substances That Alter the Ozone Layer (Montreal Protocol) was 
ceasing the production of most CFCs and removing them from many existing systems. 
The first replacements used were the hydrochlorofluorocarbons (HCFCs). HCFC-22 
(CHCIF 2 ) is an example. While not completely harmless to the ozone layer, this has 
an ozone depletion potential (ODP) only 5% as great as that of CFC-11 on a weight 
basis. Other HCFCs have higher ODPs, and as a class they are accepted only as interim 
replacements. Hydrofluorocarbons (HFCs) are among the classes of refrigerant that are 
acceptable in the long term. 

While there are large fluctuations in monthly and yearly data, it is encouraging 
that high-altitude atmospheric observations generally show a decreasing rate of growth 
of the concentrations of CFCs. In a European observatory located at 3,500 m, CFCs 
showed no major excursions from their tropospheric background concentrations in the 
year 2001 [47]. This is attributed to the strong reduction in the rates of emission of 
CFCs. Recent increases in ozone depletion are consistent with the high degree of yearly 
variability. The medium- to long-term trend is to less depletion [48]. We should anticipate 
a leveling off of the concentrations followed by a decrease as the CFCs already present 
in the atmosphere diffuse away. 

The growth in the concentration of the unregulated HCFC-22, on the other hand, 
has not abated, and its concentration more than doubled during the 1990s, from about 0.8 
to 1.7 X 10^^ molecules cc“*. During 2000 and 2001, the concentration of HFC-134a, 
a new and completely anthropogenic pollutant, increased at an annual rate of 30% [47]. 

Projects for conversion of old plant to new refrigerants are highly individualistic. 
One of the very few useful generalizations that apply is that the energy consumed in 
compression of the refrigerant will increase. The course of each project depends on the 
original process design and the capabilities of the equipment. Hieger [49] describes 
a typical retrofit, giving some of the logic that will be important in every case. In 
the particular instance discussed, HFC-134a replaced CFC-12. Increasing the size and 
the speed of the compressor wheels and adding a larger motor offset the change in 
refrigerant, which would have reduced the capacity by 10-15%. Calculations for another 
system making the same change of refrigerants predicted a loss of only about 5% in 
capacity [50]. Since the replacement materials are chemically more active than CFCs, 
certain problems can occur if they mix with chlorine [51]. HCFC-22 and HFC-134a both 
can form flammable mixtures with chlorine. The approximate flammable limits at 38°C 
and 6.8 atm are, respectively, 30-60% and 10-40% refrigerant. HCFC-123 and chlorine 
seem to be nonflammable under process conditions. 

In the retrofit project described above, an on-stream analyzer for chlorine in the refri¬ 
gerant protected against the formation of hazardous mixtures. Flammability problems 
also can be avoided by physically preventing the mixing of the two fluids. Figure 9.29 
shows a system in which a third fluid is interposed [52]. Chlorine condenses in the lower 
exchanger against the third fluid. In the upper exchanger, boiling refrigerant then cools 
this fluid. Connections between the two exchangers allow the transfer fluid to circulate by 
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FIGURE 9.29. Use of barrier fluid in chlorine liquefaction. 

natural convection. This arrangement requires a lower refrigerant temperature, because 
the heat of liquefaction flows first to the transfer fluid and then to the refrigerant. Each step 
requires its own temperature differential, and each step involves a fluid to not undergo a 
change in phase. The latter situation means that one film coefficient of heat transfer in 
each exchanger is lower than those met in conventional chlorine liquefiers. The addition 
of equipment and another thermal barrier increases installed cost and reduces the effi¬ 
ciency of the process. In estimates for a few specific cases, cost and energy consumption 
each increased by 5-10% [53]. 

Another approach to the problem is to rethink the refrigeration system and to use 
a refrigerant with no ODP in a central system that supplies cold brine as a utility through- 
6ut the chlor-alkali complex. Bhadsavle and Humm [50] calculated examples for a 
450-tpd liquefaction plant. The base system used CFC-12 cascaded over two stages of 
liquefaction to obtain 99.1% recovery of liquid chlorine. The authors then calculated 
the effects of changing to HFC-134a, as in a retrofit. In this particular example, the 
original compressor was physically capable of handling the gas, but full-capacity oper¬ 
ation required a higher rotational speed. The power requirement increased 4.6%. With 
the equipment models assumed, the compressor could be reused, but the motor would 
have to be replaced. Other examples are not so favorable and require replacement of the 
compressor as well. This situation points up the individual nature of retrofit projects. 

Figure 9.30 shows the utility approach. The refrigerant is ammonia. Its choice is 
justified by: 

1. its low cost 

2. many years of industry experience 

3. its efficiency as a refrigerant and as a heat-transfer medium 

4. the ability to use a single-stage refrigerant screw compressor in place of the 
three-stage centrifugal machines required by the fluorocarbon refrigerants 
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FIGURE 9.30. Utility approach to refrigerant supply. 


5. the possibility of placing the refrigeration plant in a remote location to 
reduce the chances of personnel exposure 

6. the ability to separate chlorine and ammonia in order to prevent their coming 
into contact. 

Euro Chlor [54], however, warns against the use of ammonia as a refrigerant when 
there is any reasonable chance of its contaminating the chlorine. This could lead to the 
formation of nitrogen trichloride (Section 9.1.11.2A). 

Numbers 5 and 6 above depend on use of the utility approach. Figure 9.30 shows 
that the refrigerant is cooling the brine rather than the process gas. The brine is then 
pumped as two streams (at different temperatures) to the liquefaction plant. The need 
for two heat-transfer operations carries the need to apply two temperature differen¬ 
tials, and so the primary ammonia system operates 4.5®C lower than the others. Still, 
the power requirement for compression is 8.5% lower than it is in the case of R- 
134a. Offsetting this saving are the capital costs of the system and the need to pump 
brine. 

While other brines might be chosen, the present example uses a silicone oil with 
outstanding low-temperature properties. Aqueous brines are frequent choices for utility 
systems of the type discussed here. Leaving aside the question of service temperatures, 
we should note here the possibility of corrosion in these systems. 

Table 9.5 summarizes the refrigeration and power requirements for the three cases 
studied by Bhadsavle and Humm [50]. Liquefaction pressures in all three cases were 
439.2 and 432.3 kPa, and temperatures were —12.1 and —40°C. On the face of it, this 
approach would not seem to be justified in a conversion project, where so much of the 
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TABLE 9.5. Use of Central Utility Refrigeration 
vs Fluorocarbon Retrofit 



R-12“ 

R-134a'’ 

R-717* 

Stages 

3 

3 

1 

Tons required, primary 

434.2 

434.2 

434.2 

Tons required, secondary 

14.2 

14.2 

13.4 

Temperature,°C 

-18 

-18 

-24 

Speed, rpm 

7,115 

7,945 

3,550 

Power demand, kW 

646 

676 

618.5 


^ With centrifugal compressor retrofit. 
*With screw compressor retrofit. 


existing plant can be reused. In a major project or expansion, however, its advantages 
might be worth considering. These include the advantages in scale offered by combining 
the refrigerant demand of liquefaction with those of the rest of the site. 

Another aspect of Fig. 9.30 is the production of chilled water as a utility for an 
entire plant complex. The refrigeration system is divided into three operating levels. 
The warmest of these would produce chilled water directly. Sections 9,1.3.5A and 
9,3.2.4 point out that the temperature of the chilled water used to cool chlorine and 
diaphragm-cell caustic must be restricted to prevent formation of chlorine hydrate or 
freezing of NaOH. A central utility system may therefore have to produce chilled water 
at two different temperatures. Inclusion of chilled water goes beyond Bhadsavle and 
Humm’s suggestion but reflects the comment that will be found in Section 12.4.2.2 that 
it is amenable to the central utility approach. The drawing also shows a single return 
of brine from the process loads and a single feed to the refrigeration system. Most 
of the brine emerges at a temperature suited to the first stage of liquefaction, while 
some goes through another stage of refrigeration. This brine then goes to the second 
or third stage of liquefaction. The thermal efficiency would improve if the brine return 
was segregated and only the colder material sent to the last stage of refrigeration. The 
incremental expense required for this modification would require its own economic 
justification. 


9.1.7.2C. Formation of Chlorine Hydrate. Because of the presence of traces of water in 
compressed chlorine, the chlorine hydrate discussed in Section 9.1.3.5 again becomes 
a problem. As chlorine condenses, some of the water accompanies it. Depending on 
the temperature, a certain amount of water is soluble in the chlorine. So long as this 
solubility is not exceeded, the condensate remains homogeneous and solid hydrate does 
not form. Below we develop an estimate of the solubility of water in liquid chlorine 
and show that, because of its very low solubility in chlorine and therefore its very high 
activity coefficient in solution, it behaves as a volatile component. The practical effect 
of this is that water tends to concentrate in the gas phase in most first-stage liquefiers. 

When this water-enriched gas is exposed to more severe liquefaction conditions (in 
particular to lower temperatures) in later stages, the amount of water condensed is more 
likely to exceed its equilibrium solubility. Once a separate water-rich phase forms, the 
vapor-liquid equilibrium changes. At most liquefaction temperatures, liquid water does 
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not exist, and so the insoluble portion is the solid hydrate. While this is present in much 
smaller quantities in liquefaction than would be possible in a poorly controlled cooling 
process, its presence must be recognized and dealt with (see following subsection. Effects 
of Presence of Hydrate). 


Solubility of water in chlorine. Expressing the free energy of a system in terms of partial 
molar quantities (chemical potentials) and comparing the result of differentiation of the 
whole function with an expression for the rate of change of free energy with composition 
leads to what is known as the Gibbs-Duhem relation [55,56]. The Gibbs-Duhem equation 
can be written as 


x\{b\nY\/dx\)T,p + X2{d\nY2/dx\)T,p H-=0 (52) 

where Xi is the mole fraction of component i and Yi is the activity coefficient of component 
i. 

In a binary mixture, this becomes 

x\{d\nY\ldx\)T = X 2 (a In }/2/9^2)r (53) 

If the logarithms of the activity coefficients of a binary system are plotted against molar 
composition, Eq. (53) relates the slopes at any value of the x ’s. This is useful for testing the 
consistency of data. Such testing becomes easier if we have a systematic way to correlate 
and smooth data and extend them over the entire range of composition. Integrated forms 
of the Gibbs-Duhem relation allow us to do this. Theoretically, one reliable measurement 
of vapor-liquid equilibrium at any point can then be used to characterize a system. 

Classical integration of Eq. (52) or (53) as it stands is not feasible, and so many 
approximate solutions have been derived, using various simplifying assumptions. Some 
of these are based on assessment of the excess free energy of mixing and some are more 
highly empirical. The powerful computational methods now available have allowed a 
number of good approximations to be made. These include the Non-Random Two- 
Liquid (NRTL) model and the Universal Quasi-Chemical Activity Coefficient (Uniquac) 
model. These methods use more parameters than the methods popular before the advent 
of high-speed computers, and they can estimate some of their coefficients from group 
contributions. They are therefore more flexible and in this sense more powerful. They 
are, on the other hand, in forms less convenient for our purposes. To illustrate the 
point to be made here, we choose one of the older methods. They include those due to 
Margules, van Laar, and Wilson [56]. The Wilson equation is the latest of these three 
and generally the most accurate, but the others have served well for many years and are 
easier to manipulate. To study the solubility of water in chlorine, we consider the van 
Laar equations for a binary mixture. For the two activity coefficients, we have 

In yi = A/(l -h AxifExf)^ 
lny2 = ^/(l + Bx2lAx\f 


(54) 

(55) 
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Substituting first xi = 0 and then X 2 — 0, we see that the constants A and B are the 
logarithms of the limiting values of the activity coefficients: 

lnn(;ci=0) = ^ (56) 

In y2(x2=0) = B (57) 

The — I power of In y is linear in the concentration ratio of the two components. For 
component 1, for example, 


l/v^ = 1 /Va + (Va/b) (a:i/jc2) (58) 

Linearizing the equation in this way makes it possible to evaluate the coefficients A 
and ^ of a binary system graphically. The scatter of the plot usually gives an indication 
of the quality and reliability of the data. For water in chlorine, we can simplify the 
equations even more. We define water as component 1 and chlorine as component 2. In 
the chlorine-rich phase, which holds only ppm quantities of water, we have X 2 ^ 1 and 
XI 1. Now the van Laar equations are 

Inyi = A/(1 +A;ci/B)2 (59) 

lny2 = B/(l + B/Axi)2 (60) 

In Eq. (60), x\ is very small. Since chlorine is also highly insoluble in water, the system is 
not wildly unsymmetrical, and so A and B are close in magnitude. This justifies rewriting 
Eq. (60) as 


In y 2 = 0 ; K 2 = 1 


in the chlorine-rich phase. 

Now we consider water only and drop the subscripts from Eq. (59). We have 

Iny = A/(l + Ax/B)2 (61) 

Expanding the quantity in parentheses but dropping the term in 

Iny = A/(l+2Ax/B) (62) 

The expression for the reciprocal is now simpler than the general form (58): 

1/ln y = 1/A + (2/B)x = 1/ln yo + (2/B)x (63) 

yo being the activity coefficient of water at zero concentration. At saturation, x equals 
the solubility s. We have 


1/ln ys - 1/ln yo = (2/B)s 


(64) 
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We know that s is of the order of 10 or 10 and 2/B < 1. The difference between 
the two reciprocals is therefore very small. Solving for In y^: 

In ys = In Ko/(l + Plri yo) (65) 

Here, P = 2s fB 1, in which case 

In ys = In yo(l - ^\n yo) (66) 

For all likely values of the activity coefficient, the term in parentheses is very close to 
unity. Even with y = 500,000,000, the value of In y is only 20, and the term ^ In yo is 
negligible. So we have 


yo ^ ys (67) 

When both phases exist, liquid chlorine saturated with water is in equilibrium with liquid 
water saturated with chlorine. The activity of water is by definition of equilibrium the 
same in both phases. Considering the composition of the water-rich liquid, we see that 
this activity is very nearly equal to that of pure water. Setting the activity of pure water 
at unity, we have for the water in the chlorine-rich phase ys^ = 1, or 


n = yo = lA (68) 

In other words, the activity coefficient of water dissolved in chlorine is very nearly con¬ 
stant over the entire, but very small, soluble range. Now we go back to the fundamental 
equation that defines the liquid-phase activity coefficient of a component of a solution 
when there is ideal gas behavior: 


riy = yP^x 


(69) 


where 

n = total pressure 

y = mole fraction of the component in the vapor 
y = activity coefficient for the component in the liquid phase 
= vapor pressure of the component 
X = mole fraction of the component in the liquid 

When we apply this to component #2, chlorine, we use the approximations y 2 = 1, 
ji :2 = 1, and we have, simply 


^2 - P^/n 


(70) 


For water, we have 


nji = Y\P\x\ 


(71) 
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At saturation, x\ = s, and yi ^ l/s;so 


yi = Px/^ (72) 

The total pressure exerted at equilibrium, in accord with the rule of thumb for immiscible 
substances, is equal to the sum of the pure-component vapor pressures. 

For all concentrations x\ < s, 


n3'i == pfjci/s 


(73) 


The relative volatility of water with respect to chlorine therefore is 

a - (yi/xi)(x 2 /y 2 ) = (P^/ns)(n/P^) = P^/^P^s^j (74) 

Calculated values of a are greater than four (Table 9.6, following). The physical mean¬ 
ing of this is that water must be recognized as a volatile component with respect to 
chlorine when liquefaction begins. The fraction of water condensed can be calculated 
from the (higher) fraction of chlorine condensed [31]. This situation holds as long as 
the condensate is homogeneous. Once the liquid phase becomes saturated with water, 
the basic assumptions made in derivation of the relative volatility no longer hold. The 
partial pressures of water and chlorine remain unchanged as the amount of water present 
increases beyond its solubility, and the apparent relative volatility begins to fall. 

This development leads us to a pair of guidelines for calculating equilibria in the 
system: 

1 . the activity coefficient of water at saturation is equal to the reciprocal of its 
saturation concentration, and 

2 . the activity coefficient is equal for all concentrations of water up to and including 
the saturation value. 

Updyke [57] performed calculations in which he assumed that, when X 2 = s, water exerts 
its full vapor pressure and that, when X 2 < s, the partial pressure of water in the gas is 
proportional to its concentration in the liquid. These working assumptions are equivalent 
to the guidelines developed here. Updyke then went on to show that calculations made 
on this basis were useful in diagnosing and identifying the solutions to problems in real 
liquefiers. 

This somewhat roundabout approach to the problem is necessary because direct 
measurement of equilibrium in the chlorine-water-hydrate system at the temperatures 
and pressures of interest would be exceptionally difficult. Ketelaar [22] therefore made 
an ingenious series of individually plausible assumptions from which he estimated the 
vapor pressure of hydrate and its solubility in liquid chlorine. The numbered items below 
describe the individual steps in the reasoning process, and Fig. 9.31 shows the relative 
energy levels of the different states of the important species. 

1. The solubility of water in liquid chlorine is taken to be equal to its solubility in 
CCI 4 . To justify this assumption, consider that: 

(a) both CI 2 and CCI 4 are essentially nonpolar (dielectric constants of 1.9 
and 2 . 2 ); 
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10.7 I— Vapor I— Liquid 


(Data are 
in kcal/mol 
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a) Water 


b) Formation 
of hydrate 


c) Dissolving 
of hydrate 


FIGURE 9.31. Energy-level diagrams—chlorine hydrate system. 


(b) their solubility parameters are very nearly equal (8.5 and 8 . 6 ). 

From data on the temperature dependence of the solubility of water, the enthalpy 
of solution of water in CCI 4 (and therefore in liquid chlorine) above the 
quadruple-point temperature of 28.7°C is taken to be 5.88 kcal mol“^ 

2. The difference between the enthalpies of formation of hydrate by the reaction 

CI 2 + nH20 —Cl2*wH20 

for solid and liquid water is 10.1 kcalmoP^ of chlorine (these are based on 
19th-century measurements of three-phase equilibria at 0°C and are illustrated 
in Fig. 9.31 b). Since the heat of fusion of water is 1.44 kcal mol” ^, it follows that 
the hydrate contains about 10.1/1.44 = 7 moles of water. This is compatible 
with the data of Section 9.1.3.5. 

3. The equilibrium measurements referred to in (2) above gave a heat of reaction 
of— 12 . 6 kcal mol“' for 

Cl 2 (l) + «H 20 ( 1 ) hydrate(s) 

If = 7 as estimated in (2), the enthalpy of formation of the hydrate from the 
liquids must be (—12.6/7) = —1.8 kcal mol”^ water. This is 0.36kcalmol“^ 
below the enthalpy of freezing of water. 

4. From (1) above, for 


H 20 ( 1 ) ^ H 20 (diss) 
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we have AH = 5.88. From (3) above, for 

H 20 ( 1 ) ^ H 20 (hydr) 

we have A// = —1.8. Combining these gives AH = 5.88 + 1.8 = 7.7 kcal mol“^ 
for 


H 20 (hydr) H 20 (diss) 

This is the heat of solution of water from the hydrate, and it is taken as the activ¬ 
ation energy below the quadruple point. Combined with the assumed solubility 
(from CCI 4 data) at that point, it gives 

In Xs =6.056-3880/7 

where is the solubility of water in liquid chlorine, mole fraction, and T the 
temperature, °K. This is in good agreement with the data in Chlorine Institute 
Pamphlet 100. Multiplying by 254,000 gives the solubility in ppm (wt). 

5. Combining assumptions, the partial pressure of water in equilibrium with the 
hydrate at the quadruple point is equal to the vapor pressure of water at that tem¬ 
perature. The effect of temperature is then taken from an estimate of the enthalpy 
of sublimation. For ice, this is 12.15 kcal mol~ ^. From (3) above, the same prop¬ 
erty of the hydrate is obtained by adding 0.36 kcal mol“^ This gives 12.5, and 
the equation for the vapor pressure of chlorine hydrate (in atmospheres) becomes 

InP = 17.62-6300/7 
F =4.51 X 


Ketelaar’s development considers only the binary system chlorine-water. It does not 
recognize the influence of gas-phase inerts. In the binary system, the relative volatility and 
the distribution coefficient are one and the same. This is not true when inerts are present. 

This method therefore would indicate that the distribution coefficient and hence 
the mole fraction of water in the vapor phase would not be influenced by the addition 
of an inert gas. Consider a mixture of chlorine and water in vapor-liquid equilib¬ 
rium in a closed container. By that assumption, addition of nitrogen pressure to 
the container would cause further vaporization of the water in order to maintain 
the same vapor-phase mole fraction. What happens in fact is that the vapor-phase 
activities of chlorine and water remain nearly unchanged. That statement properly 
ignores any absorption of nitrogen into the liquid and is practically equivalent to 
saying that, while the mole fraction of chlorine in the vapor phase decreases, its 
partial pressure is not affected. The equations developed here correspond to that 
situation. 
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TABLE 9.6. Distribution Coefficient of Water in 
ChlorineAVater Mixtures 


Temperature, °C 60 40 20 0 —20 —40 —60 

Coefficient O' 4.11 4.11 4.11 4.12 4.18 4.32 4.58 


Combining the approximations developed above with the relative volatility as 
defined by Eq. (74), we obtain values of a as a function of the Celsius temperature. 
Table 9.6 shows these for the range —60 to 60®C. 

The relativity volatility is quite constant at positive temperatures and probably into 
the first stage of a normal liquefaction system. It would seem to increase at very low 
temperatures, but one should bear in mind the nature of the technique used to derive these 
values and not place great trust in them. It is also a practical fact that at low temperatures 
the solubility of water is so low that the assumption of a homogeneous liquid phase 
probably does not hold. The best approach for calculations would seem to be to assume 
a constant a of 4.0-4.2. 


Effects of presence of hydrate. Chlorine hydrate forms whenever operating conditions 
are suitable. The quadruple point referred to in Section 9.1.3.5C is that for hydrate, 
gas, and two liquid phases. At low temperature the water phase also freezes, and the 
four possible phases are gas, wet liquid chlorine, ice, and hydrate. This mixture has 
a quadruple point at — 3°C and 244 ton*. 

We saw above that in the early stages of liquefaction water tends to accumulate 
in the gas phase. This keeps the liquid-phase concentration of water low and works 
against the formation of solid hydrate. In addition, the temperature is often higher in 
these early stages. This fact increases the solubility of water in the liquid chlorine, 
again discouraging hydrate formation. Hydrate accumulates more frequently in the later 
stages. 

While solid hydrate has the potential of plugging equipment or piping, it is not 
a corrosion hazard during liquefaction. When an operating unit is shut down and allowed 
to warm, however, the presence of hydrate leads to extremely rapid corrosion. The 
stability of carbon steel in dry chlorine service is due to its protective layer of FeCls 
(Section 9.1.2). Chlorinated water released from melting hydrate dissolves the FeCls to 
produce an acidic, highly corrosive solution that dissolves more iron from the steel shell. 

Condensing chlorine washes hydrate from the tubes as it forms. Since it is lighter 
than chlorine (density of 1.23 vs 1.5-I-), hydrate floats on the liquid accumulating in the 
shell. Unless it is removed, it can eventually restrict flow or even plug the equipment. 
Because the quantities involved are small, it is not rare for a chlorine liquefaction plant 
to operate for long periods with occasional shutdowns for cleanout. 

These problems can be avoided by designing the exchanger and transfer piping to 
allow the hydrate to leave with the liquid chlorine. As mentioned above, most hydrate 
forms in the cold end of multistage systems, and combination with the warmer chlorine 
from other stages often allows the contained water to dissolve and form a homogeneous 
solution. 
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Chlorine often is removed from liquefiers through seal legs. Examples would be two 
liquefiers in series at the same nominal pressure, where a slight difference in pressure 
in fact exists and can be compensated for by liquid seals of different heights. These 
designs do not permit hydrate to escape. Updyke [57] suggests removing the liquid 
under level control instead of through a gravity leg and periodically dropping the level to 
flush out the hydrate. This would involve allowing the chlorine gas to bypass for a short 
time. Another approach might be to connect a pot directly beneath the liquefier with a 
straight pipe containing a shut-off valve. The chlorine as it condenses leaves the liquefier, 
carrying hydrate with it, and collects in the pot. A valve below the pot remains closed, 
preventing the escape of gas. Periodically, the valves above and below the pot reverse 
their positions. Only a small quantity of hydrate will accumulate in the pot over a short 
time. Properly selected valves should not interfere with flow of the suspended hydrate. 
As an elaboration, warmer chlorine from the preceding stage can be put into the pot to 
dissolve the hydrate. This technique applies only with two stages substantially at the 
same pressure level and when incremental liquefaction in the second stage depends on 
a lower temperature there. 

Any attempt to automate such an operation would require strict exclusion of the 
possibility of passing quantities of water, in whatever form, into the liquid chlorine 
product system. 


9J.8. Storage and Handling of Chlorine 

9.1.8.1. Reference Documents. Euro Chlor, the Japan Soda Industry Association, and 
The Chlorine Institute publish a large number of excellent guides to the safe handling 
of chlorine and related products and to the design and operation of facilities for their 
handling and disposal. These are prepared by groups of experienced people who are 
active in the industry. Designers and operators should be familiar with these publications 
and with the many services offered by these organizations. Many of these publications 
include checklists. Table 9.7 lists some of the publications consulted in preparation of 
this book. Most Euro Chlor documents are published by their Storage and Transport 
Committee and are listed according to that committee’s numbering system. This is given 
as GEST jcx/yy, with xx being the year of original publication and yy a sequential 
number. Chlorine Institute documents are issued as sequentially numbered Pamphlets. 
The table also gives the number and year of publication of current revisions. Below the 
table, the various communication addresses of these organizations are given. In this and 
the following sections of this chapter, we cite references by giving the identifier for the 
relevant publication (GEST xx/yy or Vzzz) rather than by assembling a lengthy list at 
the end of the chapter. 

The Japan Soda Industry Association also covers safety and environmental matters 
in Chapter 4 of its Soda Handbook [58]. 


9.1.8.2. Storage of Liquid Chlorine. Liquefied chlorine often drops by gravity from 
a knockout pot through a seal leg or a control valve into some form of storage. The 
“storage” may be simply a transfer tank that allows the liquid to be moved immediately 
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TABLE 9.7. Selected Euro Chlor and Chlorine Institute Publications 


GEST# 

Title 

Edition 

Date 

Euro Chlor 

72/10 

Pressure Storage of Liquid Chlorine 

8 

1993 

imi 

Low Pressure Storage of Liquid Chlorine 

5 

1996 

73/20 

Code of Good Practice for Safe Transport of Bulk Liquid 

8 

2001 

75/43 

Chlorine by Road Tanker Vehicles 

Flexible Steel Pipes and Flexible Monel and Hastelloy Hoses 

8 

2004 

75/44 

for the Transfer of Dry Gaseous or Liquid Chlorine 

Articulated Arms for the Transfer of Gaseous or Liquid 

7 

1997 

75/45'' 

Chlorine 

Flexible Monel and Hastelloy Hoses for the Transfer of Dry 

6 

1997 

75/47 

Gaseous or Liquid Chlorine 

Chlorine Vaporizers 

9 

1999 

16151 

Equipment for the Treatment of Gaseous Effluents Containing 

10 

2001 

76/55 

Chlorine 

Maximum Levels of Nitrogen Trichloride in Liquid Chlorine 

10 

2001 

76/64 

Relief Valves for Use on Dry Gas or Liquid Chlorine 

4 

1983 

n/13 

Design Principles for Installations for Off-loading of Liquid 

5 

1997 

78/74 

Chlorine Road and Rail Tankers and ISO-Containers 

Design Principles for Installations for Loading of Liquid 

8 

1997 

79/79 

Chlorine into Road and Rail Tankers and ISO-Containers 
Chlorine Transfer Compressors 

3 

1999 

79/81 

Dry Liquid Chlorine Piping Systems Located inside 

8 

2001 

79/82 

Producers’ or Consumers’ Plants 

Choice of Materials of Construction for Use in Contact with 

7 

1995 

79/82 (Annex) 

Chlorine 

Choice of Materials of Construction for Use in Contact with 

1 

2000 

80/84 

Chlorine (Spreadsheet) 

Code of Good Practice for the Commissioning of Installations 

4 

1990 

80/89 

for Dry Chlorine Gas and Liquid 

Code of Good Practice for Safe Transport of Liquid Chlorine 

3 

1981 

86/128 

by Rail Tanker 

Procedure for Homologation of Valves for Use on Liquid 

1 

1996 

86/129 

Chlorine Duty 

Procedure for an Independent Assessment of Valves for Use 

1 

1996 

87/130 

on Liquid Chlorine, Prior to Consideration for Euro Chlor 
Homologation 

Hazard Analysis for Chlorine Plants 

7 

1996 

87/133 

Overpressure Relief of Liquid Chlorine Installations 

4 

2001 

89/140 

Specification for Flanged Steel Globe Valves—Bellows 

8 

1997 

90/150 

Sealed—for Use on Liquid Chlorine 

Specification for Flanged Steel Globe Valves—Packed 

8 

1997 

90/151 

Gland—for Use on Liquid Chlorine 

Materials of Construction for Handling Chlorine 

Paper 

1990 

90/154 

Chlorine Hazard Properties 

Paper 

1990 

90/158 

Commissioning of Equipment for Liquid Chlorine 

Paper 

1990 

90/159 

Aspects of Transport Safety 

Paper 

1990 

90/159B 

Transport Accident Statistics 

Paper 

1990 

90/161 

Plant Safety and Quantitative Risk Assessment 

Paper 

1990 

92/169 

Guidelines for the Safe Handling and Use of Chlorine 

1 

1994 

92/171 

Personal Protective Equipment for Use with Chlorine 

1 

1995 

92/176 

Chlorine Emergency Equipment 

1 

1993 

93/179 

Emergency Intervention in Case of Chlorine Leaks 

7 

1996 

93/194 

Safe Operation 

Paper 

1993 
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TABLE 9.7. {continued) 

GEST# 

Title 

Edition 

Date 

Euro Chlor 




93/195 

Learning from Past Experience 

Paper 

1993 

93/196 

Emergency Action 

Paper 

1993 

93/197 

Storage, Loading, and Confinement of Chlorine 

Paper 

1993 

94/215 

Confinement of Units Containing Liquid Chlorine 

1 

1996 

96/221 

Protection of Road Tankers for the Carriage of Chlorine 

1 

1998 

API 

Learning from Experience 


1996 

AP2 

Learning from Experience 


1999 

" Merged with GEST 75/43. 


Pamphlet 

Title 

Edition 

Date 

Chlorine Institute 

1 

The Chlorine Manual 

6 

2000 

5 

Non-Refrigerated Liquid Chlorine Storage 

6 

1998 

6 

Piping Systems for Dry Chlorine 

14 

1998 

9 

Chlorine Vaporizing Systems 

5 

1997 

17 

Packaging Plant Safety and Operational Guidelines 

3 

2000 

21 

Nitrogen Trichloride — A Collection of Reports and Papers 

4 

1997 

39 

Maintenance Instructions for Chlorine Institute Standard 

Pressure Relief Devices 

10 

1996 

41 

Maintenance Instructions for Chlorine Institute Standard 

Safety Valves 

4 

1995 

49 

Recommended Practices for Handling Chlorine Bulk 

Highway Transports 

8 

2001 

57 

Emergency Shut-Off Systems for Bulk Transfer of Chlorine 

3 

1997 

60 

Chlorine Pipelines 

5 

2001 

63 

First Aid and Medical Management of Chlorine Exposures 

4 

1985 

64 

Emergency Response Plans for Chlorine Facilities 

4 

1995 

65 

Protective Clothing for Chlorine 

2 

1988 

66 

Recommended Practices for Handling Chlorine Tank Cars 

3 

2001 

67 

Safety Guidelines for the Manufacture of Chlorine 

1 

1979 

73 

Atmospheric Monitoring Equipment for Chlorine 

7 

2003 

75 

Respiratory Protection Guidelines for Chlor-Alkali Operations 

2 

1993 

76 

Guidelines for the Safe Motor Vehicular Transport of Chlorine 
Cylinders and Ton Containers 

3 

2001 

78 

Refrigerated Liquid Chlorine Storage 

3 

2000 

79 

Recommended Practices for Handling Chlorine Barges 

2 

1996 

80 

Recommended Practices for Handling Sodium Hydroxide 

Solution and Potassium Hydroxide Solution (Caustic) Barges 

3 

2001 

83 

Guidelines on Risk Analysis 

1 

1989 

85 

Recommendations for Prevention of Personnel Injuries for 
Chlorine Producer and User Facilities 

3 

1999 

86 

Recommendations to Chlor-Alkali Manufacturing Facilities for 
the Prevention of Chlorine Releases 

4 

2001 

87 

Recommended Practices for Handling Sodium Hydroxide 

Solution and Potassium Hydroxide Solution (Caustic) Tank Cars 

2 

1999 

89 

Chlorine Scrubbing Systems 

2 

1998 

92 

Environmental Fate and Toxicity of Mercury 

1 

1992 

93 

Pneumatically Operated Valve for Use on Chlorine Tank Cars 

1 

1996 



{Continued) 








850 


CHAPTER 9 


TABLE 9.7. {continued) 


Pamphlet 

Title 

Edition 

Date 

Chlorine Institute 

94 

Sodium Hydroxide Solution and Potassium Hydroxide 

2 

2001 

95 

Solution (Caustic) Storage Equipment and Piping Systems 
Gaskets for Chlorine Service 

3 

2003 

96 

Sodium Hypochlorite Manual 

2 

2000 

99 

Hydrogen Chloride, Anhydrous (Non-Refrigerated)—Use, 

1 

1995 

125 

Handling and Transportation of Cylinders and Tube Trailers 
Guidelines: Medical surveillance and Hygiene Monitoring 

4 

2003 

137 

Practices for control of worker exposure to mercury in the 
Chlor-Alkali Industry 

Guidelines: Asbestos Handling for the Chlor-Alkali Industry 

4 

2000 

139 

Electrical Safety in Chlor-Alkali Cell Facilities 

3 

1998 

150 

Hydrochloric Acid Tank Motor Vehicle Loading/Unloading 

1 

1996 

152 

Safe Handling of Chlorine Containing Nitrogen Trichloride 

1 

1998 

155 

Water and Wastewater Operators Chlorine Handbook 

1 

1999 

163 

Hydrochloric Acid Storage and Piping Systems 

1 

2001 

167 

Learning from Experience 

1 

2002 


Note: 

1 The Chlorine Institute, Inc., 1300 Wilson Boulevard, Alexandria, VA 22209, USA. Telephone +l-( 1)703-741-5760. 
Telefax +l-( 1)703-741-6068. Website: http://www.cl2.com 

2 Euro Chlor, Avenue E. Van Nieuwenhuyse 4, Box 2, B-1160 Brussels, Belgium. Telephone +32-(0)2-676 72 11, 
Telefax +32-(0)2-676 72 41. Website: http://www,eurochlor.org 


to its final destination, or it may be a large pressure vessel whose purpose is to hold 
a substantial quantity of chlorine. 

Arguments in favor of storage of large quantities of chlorine are those that apply to 
any product. Loading and shipping operations are uncoupled from product generation. 
Swings in plant output have no immediate effect on product loading. Product loading 
rates can be highly variable and can be totally stopped for some number of shifts or 
even days without affecting production operations. When chlorine is consumed on site, 
as in EDC manufacture, large storage volumes allow independent operation of the two 
processes and prevent disturbances from propagating back and forth. These may seem to 
be matters primarily of operating convenience, but in relieving stresses on the operators 
they also promote safety. 

Arguments against large-volume storage include the economic one that extensive 
facilities are costly and tie up large blocks of plot area. The high cost is aggravated 
by the many safety precautions required when handling chlorine and by the ongoing 
need to deal with vapor generated in the storage tanks. Perhaps more important than the 
economic argument is the hazard presented by storage of liquefied chlorine. More and 
more handlers of chlorine are now performing hazard studies that include the "‘worst 
likely case scenario.” Section 16.4.2.5 contains more on this subject, along with one 
standardized definition of the worst likely case. If failure of a large chlorine storage tank 
or system is to be considered, it will almost always qualify as this worst case. Mitigation 
of such a failure, however unlikely it may be, is extremely expensive if at all practicable. 
The trend in chlorine plant construction and operation is now toward reduced storage 
volume. Indeed, some existing plants have acted to decommission some of their chlorine 
storage capacity. 
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The worst-case scenario related to a single tank can be mitigated by using a number 
of smaller tanks to store a given amount of liquid. This approach, however, increases the 
likelihood of a smaller leak by multiplying the number of accessories that accompany 
the tanks (GEST 72/10). On the other side of the question, the maximum size of a tank 
depends on capabilities in shop fabrication, stress relief, and transportation to the site. 

The great majority of storage systems is located outdoors. This is especially true 
at large scale. Still, there are several examples of indoor storage. These are pressurized 
rather than refrigerated systems. The special considerations that apply to such confined 
storage appear below in Subsection 9.1.8.2C. 

Design of the equipment and of the storage facility as a whole must satisfy all locally 
established codes. The designers and operators should jointly assess risks and produce 
the necessary studies and worst-case scenarios. Once the characteristics of a hypothetical 
release of chlorine are established, its effects on people, local residents as well as plant 
workers, must be evaluated. Euro Chlor (GEST 90/161) has published a toxicity probit 
(Section 16.4.3.1) that can be used in this step. 

Chlorine storage tanks must be protected against overpressurization by relief 
devices. Most arrangements combine a frangible piece with a spring-loaded relief valve. 
Section 9.1.10.2 describes the systems commonly used in chlorine systems. 

Avoidance of external damage to storage tanks also is important. In addition to their 
robust construction, tanks should be placed in a safe location or protected by barriers. 
Recommended minimum distances from other facilities (GEST 72/10, 73/17) include: 


Public roads 25 m 

Main railway lines 25 m 

Plant boundaries 10m 

Other processes 

Case 1^ 10 m 

Case 2^ based on conditions 

Other chlorine storage comfortable access 

"" Process without fire or explosion hazard. 

Process with fire or explosion hazard. 

Selection of the location should also consider the likelihood of damage from a fire or an 
explosion in a neighboring plant. 

Many books and other publications are available on chemical project engineering 
and site design and layout. These summarize the principles involved in choosing the 
location of a storage area and arranging the various components. In a chlorine storage 
facility, consideration of toxicity is particularly important and should be a major factor 
in design [59,60]. Layout within storage areas, including the spacing of tanks, often 
follows national fire codes. These codes sometimes are inadequate for releases of toxic 
materials, and dispersion studies are recommended for each site. For the most accurate 
results, a study should be specific to site topography and should include the effects 
of buildings and structures. The latter can have major effects on peak concentrations 
after a toxic release or on the time required to reach a certain concentration at a given 
location [61]. Dispersion studies should also be included in emergency plans. It would 
make little sense, for example, to have a high probability of a rapidly toxic concentration 
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of chlorine somewhere along the main evacuation route. Emergency plans should have 
a certain amount of flexibility in order to take advantage of the information provided 
by chlorine monitors and real-time dispersion modeling. Where such elaborate facilities 
are not available, a wind direction indicator or windsock is a minimum requirement. 
Emergency plans require personnel training and periodic rehearsal. Training should 
include the proper use of protective gear, which should be stored in more than one 
location. 

Whatever type of atmospheric monitoring system is used inside battery limits, it can 
be argued that the reliability of the high-level alarm is more important than the accuracy 
of the indication, and frequent (i.e., monthly or weekly) calibration of this feature is 
useful [62]. 

Other considerations that apply to high toxic hazard materials (HTHMs) include: 

1 . consider high-integrity storage tank design 

2 . keep storage away from flammable or explosive materials 

3. if diked, separate from incompatible materials 

4. consider momentum of suddenly-released fluid in designing dike wall 

5. consider providing a designated dump tank to allow emptying of any one 
storage tank. 


9.1.8.2A. Pressurized Storage. Storage tanks should be designed to the appropriate 
Code, using at least some of the provisions for lethal service. In the case of Section VIII 
of the ASME Code, Parts UW and UCS apply. Since chlorine boils when pressure 
is released, the minimum design temperature must be — 35°C or lower. The Chlorine 
Institute (P5) recommends design for full vacuum and a pressure of at least 1550 kPa and 
also at least 120% of the maximum expected pressure. The latter quantity must include 
any padding gas used to transfer chlorine from the tank. Section 9.1.8.4A (Fig. 9.34) 
approaches this problem from the reverse viewpoint. It shows the allowable padding 
pressure for different assumed relief device settings. Equations (75) and (76) show the 
pressure and volume of gas necessary to transfer liquid at a given rate. 

The size of the tank should be based on a filling density of 1.25. This gives at least 5% 
freeboard at 50°C and so caters to the unusually high coefficient of thermal expan¬ 
sion of chlorine. The tank must also retain its physical properties at low temperatures. 
Low-temperature carbon steels are standard. Examples are A516, Grade 70, and A612, 
Grade B. V-notch impact testing of the material is desirable, and vessel design should 
include a corrosion allowance of at least 1 mm (GEST 72/10). The Chlorine Institute 
recommends a corrosion allowance of 3.2 mm (P5). 

Double-welded butt joints are preferred for assembly of the shell, with 100% radio¬ 
graphy. Post-weld heat treatment is necessary. Nozzles should have full-penetration 
welds extending through the entire thickness of the vessel wall or nozzle wall. Most 
nozzle welds can be tested ultrasonically; those 250 NB and larger should be radio¬ 
graphed. Seams of nozzles fashioned from electric-resistance welded (ERW) piping 
should also be radiographed. Manways are essential. Some do double duty, for example 
as support for submerged pumps and various nozzles. This practice reduces the number 
of penetrations of the cylindrical vessel wall. In most designs, all nozzles are on top of 
the tank. All but pump discharge lines and dip-pipe connections then are in the vapor 
space. Leaks therefore are less hazardous, and the nozzles are less subject to mechanical 
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damage. For special reasons, nozzles sometimes may be on the side or bottom of the 
tank. Design and operation then must consider the increased possibility of releases of 
liquid chlorine. Precautions might include protective barriers, remotely operated valves, 
maintenance and inspection procedures, and special tank supports. 

Hydrostatic testing is often necessary. Local regulations will prevail here, but this 
sort of testing should be kept to a minimum because of the hazards associated with 
residual moisture in a chlorine tank. The Chlorine Institute (P5) gives procedures for 
inspection and hydrostatic testing. In addition to inspection during fabrication, Euro 
Chlor (GEST 72/10) covers inspection and acceptance tests for the metal used in con¬ 
struction of storage tanks, listing applicable ISO, DIN, and Euronorm codes. European 
practice relies less on hydrostatic testing. Euro Chlor discourages frequent hydrostatic 
retesting and recommends specific procedures (GEST 80/84) to minimize corrosion. Per¬ 
haps for this reason, Euro Chlor accepts the lower corrosion allowance referred to above. 


9.1.8.2B. Low-Pressure Storage. When storing liquid chlorine, the fundamental choice 
is between pressurized systems and refrigerated systems that operate at atmospheric or 
slightly elevated pressure. Storage at process pressure is cheaper and simplifies handling 
of the liquid. Since the pressures involved are not great, it is the more frequent choice. 
Its chief drawback is the increased severity of chlorine release when it occurs. 

Euro Chlor (GEST 73/17) defines “low pressure” as anything up to an absolute 
value of 2.5 bar. This requires refrigeration and, for insulation and containment, double- 
walled tanks. A major advantage of storage near atmospheric pressure under refrigeration 
would appear to be the smaller quantity of chlorine released in a spill. When liquid 
chlorine escapes from a system held under pressure, there is an immediate release of 
vapor as the liquid flashes down to the atmospheric boiling point of — 34°C. The amount 
flashed depends on the temperature of the chlorine in storage, but a typical number 
is 20%. Atmospheric-pressure storage eliminates this problem. Another advantage of 
atmospheric storage is that much larger vessels can be designed, and a single sphere can 
replace a number of pressurized storage tanks. Also, any liquid chlorine released has 
less momentum and is more easily contained in a defined and diked area [63]. 

Low-pressure storage, on the face of it, appears to have an advantage in inherent 
safety. However, its auxiliaries are mechanically complex and add new modes of pos¬ 
sible failure. In this aspect the comparison is analogous to that between passive and 
active protective systems. Harris and Shaw [64] point out that a low-pressure system 
requires a source of cold liquid chlorine, a high-integrity gas handling or recompres¬ 
sion system, and greater levels of skill or higher equipment standards. Low-pressure 
storage is not usually economical for capacities less than about 400 tons, and in any 
case, Euro Chlor (GEST 73/17) considers it inappropriate for plants that are not chlor¬ 
ine producers. Besides the complexity added by the refrigeration system and provisions 
made for its failure, the design must consider the problems due to the necessity to 
connect the storage system to high-pressure operations such as liquefaction. Improper 
operation of the connecting facilities can cause major problems very rapidly. Chlorine 
from a liquefaction process, for example, will be at higher pressure and perhaps higher 
temperature than the storage tank. Reducing its pressure can allow chlorine to flash 
until the bulk reaches the atmospheric pressure boiling point. Even when the chlorine 
is liquefied at low temperature, the reduction in pressure will allow the escape of dissolved 
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noncondensable gases. To avoid the release of large volumes of gas from the stor¬ 
age tanks, liquid chlorine should first be brought to equilibrium with that already 
contained in the vessel. Very slight variations in temperature can have large effects 
on the venting rate. In a system designed for a gassing rate of 150 kg hr“\ for example, 
introduction of 15m^ hr“^ of chlorine that is only 1®C above the storage temperature 
will create vapor equal to 50% of the design load. 

This aspect needs very thorough study and safety review at various stages of design. 
Within the safety literature, Lees [65] reports that the ICI liquefied flammable gas code 
considered there to be significant risk of failure of a refrigerated storage tank system but 
insignificant risk with a pressurized tank. England [66], however, considers atmospheric- 
pressure storage safer in the case of chlorine. He describes a system of 5,000-ton storage 
tanks, each mounted above a submerged concrete compartment. The compartment is 
large enough to receive the contents of the storage tank and is partly covered. It is also 
equipped with a pump for removal of rainwater and a blower system for sending vapors 
to a scrubber. Management controls keep the chlorine inventory to a minimum. Englund 
cites an example in which this arrangement prevented a hazardous release when a pump 
below a storage tank failed. In opposition to this, Section 9.1.8.4B points out that one 
of the advantages of pressurized storage is the ability to use a submerged pump in the 
storage tank with less risk of failure of the pump or suction piping. 

Pamphlet 78 calls for the same sort of fabrication techniques recommended for 
pressurized storage. It also gives instructions for commissioning, inspection, and main¬ 
tenance. It covers single-wall as well as double-wall tanks and horizontal as well as 
vertical or spherical tanks. The minimum design pressure for a single-wall tank should 
be about 175 kPa (25 psig). The corrosion allowance for the internal tank and connec¬ 
tions usually is about 2 mm; this should also apply to the external vessel when one of its 
functions is containment. 

Differential thermal expansion of the two shells is a constant problem. Design must 
provide for this, and the usual approach is to add expansion bellows of austenitic stainless 
steel. Joints are critical. All welds should be radiographed, and the assembly should be 
installed with due care to avoid damage to the bellows. The problem of differential 
thermal expansion is magnified during commissioning of a tank. Section 11.3.2.8 also 
mentions the special instrumentation requirements. 

The minimum design temperature of the internal vessel should be — 35°C; the 
maximum depends on conditions when the vessel is isolated and can take into account 
any insulation in the annular space. The minimum design temperature precludes the use 
of ordinary carbon steels. The design temperatures of the external vessel depend on its 
purpose; if it is to provide secure containment in case of a leak, its minimum design 
temperature must also be —35‘^C. 

Insulation should be designed for maximum ambient and minimum chlorine tem¬ 
peratures. It should be nonflammable, dry, and chemically inert to chlorine. Because 
a purge gas is required between the two tanks, the insulation should be a granular mater¬ 
ial. Expanded silica and diatomaceous earth are examples. The purge gas outlet should 
be monitored for chlorine. 

9.1.8.2C. Confined Storage. Another approach that would seem to provide inherent 
safety is the storage of chlorine in a fully confined system. The objectives in providing 
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containment are to prevent or delay the release of chlorine due to a failure in storage 
or handling equipment and to mitigate the effects should a release occur. The Euro 
Chlor study of such systems (GEST 94/215) contemplates three different methods of 
containment: 

1. full containment in a heavy bunker or underground 

2. double-wall containment by “jacketing’’ each piece of equipment 

3. light containment in a conventional building. 

The heavy-bunker approach would make maintenance difficult and in many cases 
would require workers to don full protective equipment before entering the confined area. 
It is not suitable for loading/unloading systems and is largely confined to the erection of 
small buildings for confinement of reactors that have the potential for a sudden release 
of considerable energy or quantities of chlorine. The Euro Chlor conclusion is that “no 
credible scenario justifies (this approach) for units containing liquid chlorine.” 

The double-wall approach is not uncommon in certain piping systems. Applying it to 
stationary equipment such as vessels, transfer equipment such as pumps and compressors, 
and measuring sensors raises another level of difficulty. This sort of system would be 
hard to design, differential expansion and contraction would be problems, monitoring 
and maintenance would be much more difficult, and leaks would be easy to detect but 
hard to locate precisely. 

A light building would be of conventional construction. It would not be totally 
impervious and would resist only slight pressure differentials. These deficiencies are 
somewhat offset by the fact that the building itself provides some delay and dilution of 
released chlorine. 

The conclusion in GEST 94/215 is that, if containment is necessary or justifiable, 
light containment is the preferred option. 

Before deciding that containment is desirable, designers should carefully analyze 
the risks presented by the system and evaluate the consequences of likely accidents. This 
evaluation should include analysis of operating and emergency procedures and consider 
possible enhancements to existing safety systems. The total risk can be reduced by 

1. reducing the probability of accidents 

2. limiting the amount of chlorine released if an accident occurs 

3. providing distance between the plant and populated areas, roads, and railways. 

Several techniques can be used in any combination to limit consequences: 

1. establish good emergency procedures 

2. train personnel thoroughly 

3. reduce the inventory of liquid chlorine in pipes and vessels 

4. provide fast isolation by installing remotely controlled valves at strategic points 
(GEST 87/130) 

5. install detectors with alarms, especially in areas not frequently visited 

6. install water curtains (Section 16.4.3.2) 

7. provide dump tanks or expanse tanks to allow rapid draining of some chlorine 
in case of a leak and to capture vapor released through pressure-relief devices 

8. contain the plant. 
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Containment is thus one of a battery of possible techniques and should be considered 
as such. 

In particular, the advantages and disadvantages of containment in a light building 
should be evaluated against those that apply to conventional outdoor storage. The list 
that follows is taken from Section 3 of GEST 94/215. 


Outdoor storage 

1. Advantages 

• Visual or olfactory detection of leaks permitting early intervention 

• Fast and accurate location of leaks 

• Easy access permitting more efficient logistical support and greater mobility 
if heavy protection equipment is required 

• Easier detection of substantial leaks, permitting fast intervention to limit the 
duration of the leak, to seal the leak, or to isolate it by manual valve(s) 

• Dispersion of gaseous clouds by the wind, making intervention easier 

• Easy access for inspection, operation, and maintenance 

2. Disadvantages 

• Very small leaks may not be noticed and may slowly increase as a result of 
corrosion 

• More difficult for sensors to detect leaks 

• Equipment requires regular maintenance to prevent external corrosion 

• Dispersion of released chlorine into the atmosphere 

• No recovery of discharged chlorine 

3. Means of reducing disadvantages 

• Regular plant patrols 

• Well-prepared emergency plans 

• Roof to provide shelter from bad weather 

• Devices for collecting gas emissions and delivering them to an absorber 

• Devices for isolating leaking parts and depressurizing or draining them 

• Distance between storage tank(s) and residences 

• Use of detectors between plant and any vulnerable residential area 

• Use of water curtain to delay and dilute gas cloud or foam to limit the 
evaporation of liquid 


Indoor storage 

1. Advantages 

• Easy and early detection by sensors of even very small leaks 

• Easy collection of leaks for delivery to absorber 

• Weather protection 

• Possibility of increasing pressure to increase rate of transfer to users by heat¬ 
ing the building (of limited effectiveness with insulated tanks, and rate of 
vaporization is also greater if a leak occurs) 
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• Easier clean and water-free maintenance of catch basins 

• Easier physical protection against external aggression or unfortunate inter¬ 
vention by unauthorized persons 

2, Disadvantages 

• Cost 

• Strict procedures complicating access for inspection, operation, and mainten¬ 
ance, increasing risk of poor detection of faults and improper maneuvers by 
operators 

• Lack of space for easy inspection and maintenance 

• Dangerous atmosphere as a result of even the slightest leak 

• Difficulty in locating leak when chlorine gas makes air opaque 

• Psychological barrier created by hostile environment 

• Heavy equipment required for leak intervention because of high 
concentration 

^ difficult intervention and delayed action as a result of need to use heavy 
equipment in a small space 

♦ worsening of leak and increase in amount discharged as a result of delay 

♦ impossibility of machine access for handling and delivery of heavy equip¬ 
ment, leading to design of building to allow some dismemtling to create 
access 

• Long time required to restore healthy atmosphere to building 

• No direct visual or oral communication with outside during intervention 

3. Means of reducing disadvantages 

• Local alarm indicating dangerous concentration in the building 

• Specific entry procedures 

• Well-established intervention procedures 

• Thorough training of personnel in procedures and use of protective 
equipment 

• Isolation systems remotely controlled from outside building 

• Optional large flow of ventilation air to speed up purification of atmosphere 

• Unit adapted to constraints of a plant in a building to facilitate entry and 
intervention 

Building design should conform to all local codes and regulations. In particular, 
it should resist earthquakes. Resistance to projectiles caused by explosion is a debatable 
point; in particular, resistance to falling aircraft usually is not deemed worthwhile because 
of the extremely low probability of damage from this cause. Increased attention to the 
possibility of sabotage may modify these conclusions. 

A catch basin should be part of the design. This will collect any spill of liquid 
and reduce its surface area, reducing the rate of vaporization. Buildings also may be 
compartmented to separate certain functions. The various functions of storage, loading 
and unloading, pumping, and evaporation present different degrees of hazard and may 
justify different design criteria. Operating equipment and valving systems, for example, 
may require more frequent attention than static tanks. They also occupy smaller volumes. 
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The design therefore might provide separate access and more intensive ventilation for 
certain operations. 

The building, while designed to allow necessary access, should be kept small. This 
reduces the size of the ventilation system required or, with a given capacity, increases 
the intensity of the ventilation. The capacity of the system should in all cases be greater 
than the maximum rate of flow of chlorine that must be handled. The major criteria for 
design otherwise are the timely removal of chlorine to the absorption system and the rate 
of return to a healthy atmosphere after a release. Drawing ventilation air in at the top 
of the building and removing contaminated air near floor level facilitate the latter. The 
combined ventilation/absorption system should be designed to cope with the worst-case 
scenario. The maximum rate and the maximum total emission may belong to different 
scenarios. Sizing should reflect the facts that the building provides some dilution and 
that the rate of chlorine release or vaporization tends to decrease with time. 


9,1.8.3. Piping Systems 

9.1.8.3A. Classes and Specifications. The Chlorine Institute (P6) divides metallic pip¬ 
ing services into six classes depending on whether liquid chlorine is or may be present 
and on the minimum temperature which may be encountered. Thus, Classes I, II, and III 
£ire for gas only and are rated for full vacuum and pressures up to 1,034 kPa (150 psig). 
Classes IV, V, and VI are suitable for liquid or liquid/gas mixtures and are rated for 
vacuum and 2,068 kPa (300 psig). The maximum design service temperature in all classes 
is 149°C. Minimum temperatures are —29°C for Classes I and IV, —46°C for Classes II 
and V, and — 101°C for Classes III and VI. 

Standard carbon steels, such as A105 and A106 Grade B are acceptable in Classes I 
and IV. Below --29°C, these steels become brittle, and so the other classes require low- 
temperature resistance. The common austenitic stainless steels are good in this regard but 
are subject to chloride stress-corrosion cracking, especially in the presence of moisture at 
ambient and higher temperatures. The choice therefore is made from the low-temperature 
carbon steels, with impact testing at the minimum design temperature. Even at certain 
temperatures above — 29'^C, Class V material is recommended when there is a likelihood 
of thermal shock or liquid hammer. 

Pamphlet 6 and other industry guidelines deal with the requirements specific to 
chlorine service. All general good practices relating to pressure piping design, fabrica¬ 
tion, welding, and inspection [67] should be incorporated into a piping specification. 

Some plants, in certain applications, use jacketed pipe when handling liquid chlorine 
in order to improve its containment. Other features of Category M piping design also 
appear in various systems. The chlor-alkali industry as a whole has not adopted such 
elaborate designs. Since a single exposure to a very small quantity of chlorine does not 
cause irreversible harm, it is not a fixed requirement. Furthermore, Category M design 
would preclude the use of some of the industry’s standard safety features. 

While the material of construction for all classes is substantially carbon steel, the 
grades best suited to the different components of a piping system vary widely. Pamphlet 6 
contains extensive tables of this information. 

The Euro Chlor guidelines for liquid chlorine piping (GEST 79/81) recognize two 
temperature ranges: —10 to 120°C and —40 to 120°C. The upper limit is a maximum 
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service temperature, not a design temperature as in the Chlorine Institute version. The 
lower limits correspond fairly well to the limits for Classes II and V. There is no formal 
equivalent to Class VI in the Euro Chlor scheme, but there is a statement permitting 
temperatures lower than —40°C when impact testing is carried out at those temperatures, 
GEST 79/81 also contains an appendix listing French, British, German, UNI, and US 
standards for pipe, flanges, fittings, fasteners, plate, forged and cast parts, and welding 
consumables. 

Neither Euro Chlor nor the Chlorine Institute encourages the use of expansion 
joints in liquid piping. The layout should include enough bends, loops, and offsets to 
take up thermal expansion and contraction and keep excessive stress off the piping and 
connections. Even in gas-phase piping, only Class I includes a provision for expan¬ 
sion joints. Metal bellows of Monel 400 or R405 or Hastelloy C or C276 are favored. 
Section 8.4.1.1 A discusses the use of expansion joints, including those of alternative 
designs, in chlorine gas headers. 

Velocities should be limited to 2 m s“Mn liquid lines and 4 m s“Mn gas-phase lines 
where entrainment is likely. More conservative design, to achieve low pressure drop or 
reduce the potential for erosion even further, is counterproductive when it substantially 
increases the liquid inventory in the piping system. 

Supports for liquid piping require insulation. Wood blocks are frequently used; the 
wood should be selected to avoid acid corrosion of the piping. Pipe hangers are also 
conunon. Liquid chlorine piping should never hang from other piping or be used as 
a support for other piping. Hangers should have secondary backup to support the piping 
should a hanger break. The loads to be considered in designing supports include gravity 
(weight of piping, insulation, and contained chlorine), pressure, thermal expansion and 
contraction, wind, snow and ice, seismic forces, reaction forces from discharge or two- 
phase flow, and liquid hammer. 

Nonferrous metal pipe and tubing are used mostly for flexible connections to instru¬ 
ments. Because of the reactivity of chlorine, the choice of material of construction is 
limited. Monel and copper are most widely used. Preferred grades are type B165 Monel, 
cold-drawn and annealed, and type B88 copper, seamless and annealed (Type K or heav¬ 
ier). Gasketed joints are preferred to flared fittings, and high-grade silver brazing alloys 
(>44% Ag, no Sn) are recommended. Certain plants use other alloys such as Hastelloy 
C-276 and Alloy 20. 

Nonmetallic pipe and tubing can be used with chlorine gas under less demanding 
temperature and pressure conditions. Owing to the brittleness caused by their reaction 
with chlorine, hydrocarbon polymers are useful only under highly restricted conditions. 
Halogenated plastics are preferred, and the most difficult applications are reserved to the 
fluorinated polymers. Section 8.4.1.1A discussed chlorine piping in cell rooms. Table 9.8 
lists the plastic materials used in chlorine gas service. Pressure is limited to 40kPa. 
Screwed piping connections are sometimes used in the smaller sizes; these should all 
be Schedule 80. Solvent-welded piping sometimes is Schedule 40. CPVC piping is in 
all cases sol vent-welded. Chlorinated polymers are the most widely used. Their lack of 
mechanical strength at high temperature and brittleness at low temperature limit their 
application. Particularly in the case of PVC, mechanical strength limitations are eased 
by reinforcement with FRP. Low-temperature limits are about — 5°C for PVC and 0°C 
for CPVC. 




860 


CHAPTER 9 


TABLE 9.8. Plastics in Chlorine Gas Piping Systems 


Plastic 

Specification 

Max. Temp., 

Uses 

PVC 

ASTM D1784 

54 

Pipe, fittings, tube fittings, valve parts 

CPVC 

ASTM D1784 

100 

Pipe, fittings, valve parts 

ABS 

ASTM D3965 

66 

Pipe, fittings, tube fittings, valve parts 

FRP 

Special resins (see Chapter 8) 

100 

Cell covers, ductwork, cell gas headers 

PE 

ASTM D3350 

54 

Tubing, valve parts 

PP 


54 

Tube fittings, valve parts 


Plastics are sometimes used as liners in liquid chlorine piping. This application 
generally is restricted to the fluoropolymers. PTFE is serviceable up to 200°C, but it 
is permeable to chlorine at all temperatures and highly so in the upper range. Other 
perfluorinated types are serviceable at very low temperatures and less permeable than 
PTFE. PVDF is brittle below —40°C and is subject to stress cracking by CL. It can 
be specified as “atomic chlorine resistant.” Fluoropolymers appear in valve parts, tube 
fittings, gaskets, packing, instrument tubing, unloading hoses, and solid piping. Their 
use should be approached with caution, and specification should be by a designer or 
supplier with direct experience in their use with chlorine. 

Installation of plastic piping requires special attention to support. Problems include 
gradual bending due to plastic flow under the weight of the filled pipe, embrittlement by 
chlorine, and environmental degradation. Flexible lines require large radii of curvature 
to minimize stress on the plastic material. 


9.1.8.3B. Valves. Selection of valves for chlorine service should be a careful and 
painstaking process. While many types of valve may be found suitable and safe in 
operation, the user should also take advantage of the screening work done by Euro Chlor 
and the Chlorine Institute. Euro Chlor (GEST 86/128,129) has an official procedure 
for homologation of valves, and those that have shown their compliance can be pos¬ 
itively recommended. Lists of these valves have been published and are available on 
the Euro Chlor website. The Chlorine Institute has gathered members’ experience and 
published tables showing which types of valve are suitable for the various piping service 
classes (P6). Summarizing tables are below, following brief discussions of the various 
types of valve that might be considered. 

Globe valves provide tight shut-off in both directions without trapping liquid in 
cavities. Their multi-turn operation can prevent accidental or too-rapid opening and 
closing, and stem position gives a positive indication of valve position. However, the 
quarter-turn characteristic of most of the other types of valve gives an inherently more 
reliable stem seal. Seating can involve a PTFE insert for soft seating or Stellite hard- 
facing for good metal-to-metal contact. The valve stem should be blowout-proof, and 
special care should be taken to avoid leakage from the stuffing box. Should this occur, 
even at very low rates, the stem will corrode from contact with moisture in the air. Monel 
and Hastelloy C stems therefore give longer service than ferrous-metal stems. For best 
results, a bellows seal or an extended stuffing box packed with flexible graphite or PTFE 
should be chosen (GEST 89/140). 
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Ball valves also provide tight shut-off, along with less resistance to flow. The latter 
is especially true when full-bore valves are used. Again, blowout-proof stem design is 
essential, and there should be means for external adjustment of the stem seal. Fluoro- 
polymers are the standard materials for sealing material. It is possible for a standard 
ball valve to trap liquid in the ball and body cavity when closed. This must have a way 
to relieve in the direction of higher line pressure to avoid damage by thermal expan¬ 
sion of the liquid. Designs include a relief hole in the ball, a passage in the body, and 
self-relieving seats. When one of the first two methods is used, valves must carry pos¬ 
itive indication of intended flow direction. The valve should also carry a warning tag if 
it is possible to reverse the arrangement by improper assembly. Single-segmented ball 
valves do not trap liquid, but it is more difficult to obtain tight shut-off than it is with the 
conventional type. These valves therefore find their primary use as control valves. 

Plug valves have the same major characteristics as ball valves but are generally 
harder to operate. Their design involves a balance between turning torque and shut¬ 
off capability. They usually have reduced bores and so higher flow resistance than ball 
valves. They also can trap liquid when closed, and the precautions listed above for ball 
valves apply to plug valves as well. 

Butterfly valves can provide tight shut-off when soft seats are used, and their major 
application in chlorine service is in the larger pipe sizes. The usual design features 
standard adjustable packing, a wetted shaft/disc arrangement, and a one-piece soft-lip 
seal. Fully lined butterfly valves have lower pressure ratings and are suited only for gas 
applications. Ruoropolymer resin liners cover all internal surfaces. Back-up liners, not 
exposed to the chlorine, provide seats. Butterfly valves can provide tight shut-off with 
quarter-turn operation. Like the other types of valve, they should have blowout-proof 
stems. 

Tables 9.9((a) through (c)), which follow, summarize Chlorine Institute recom¬ 
mendations. They are taken from Tables 4-1 through 4-7 of Pamphlet 6. Certain threaded 
valves are permitted in small sizes. Except for connections to transport equipment, instru¬ 
ments, and special process equipment, flanged valves are preferred in piping classes II, 
III, V, and VI. In the tables, S denotes satisfactory service, NR denotes “not recommen¬ 
ded,” and a dash denotes the lack of sufficient experience to support classification (as of 
December 1998). 


9.1.8.3C. Gaskets. Historically, asbestos has been the nearly universal choice for gas¬ 
keting under all but the most extreme conditions. It is an ideal material for the service, 
but with growing restrictions on the use of asbestos, other materials are now being used 
more widely. The Chlorine Institute has issued a test protocol for gaskets in chlorine pip¬ 
ing systems (Appendix A of Pamphlet 95). Table 9.10 gives a recent update of available 
experience, with the first published results for Classes III and VI. The materials listed 
are considered acceptable by their historical use or have been tested according to the Cl 
protocol for certain applications. 

Hannesen [6] points out that the choice of gasket material depends on the type 
of flange face in use. With raised-face flanges, he names aramid fiber as a possible 
replacement for asbestos in dry chlorine service. With liquid chlorine, aramid should 
be confined by a metal envelope. With tongue-and-groove flanges, metal-reinforced 
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TABLE 9.9. Valves for Chlorine Service, (a) Globe valves; (b) Ball or Plug Valves; 

(c) Butterfly Valves. 


Size, NB 

End Connection 

Form and Rating 

I 

Cl Piping Service Class 

II III IV V 

VI 

(a) Globe valves 

To 40 

Thread 

Forged 

Class 800 

S 

S 

NR 

S 

NR 

NR 


Socket weld 

Forged 

Class 800 

S 

S 

NR 

S 

S 

NR 

All 

Flange 

Forged or cast 
Class 150/300 

S 

S 

S 

S 

S 

S 


Butt weld 

Forged or cast 
Class 150/300 

S 

S 

S 

S 

S 

S 

(b) Ball and plug valves 

To 40 

Thread 

Forged or cast 
Class 150/300 

S 

S 

NR 

S 

NR 

NR 

All 

Range 

Forged or cast 
Class 150/300 

S 

S 

S 

S 

S 

S 

(c) Butterfly valves 

All 

High-performance 

Plate or cast* 
Class 150 or 300 

S 

S 

_ 

S 

S 

- 

All 

Fully lined 

Cast; Class 150 

S 

- 

NR 

NR 

NR 

NR 


With permission of The Chlorine Institute, Inc. 


graphite and filled PTFE may be suitable in gas service. In liquid service, aramid fiber 
is added to the list. 

Gasket materials in wet chlorine service usually are PTFE, EPDM, or Viton. 
Styrene-butadiene rubber is still in service but largely has been replaced by more resistant 
materials. Filled and expanded PTFE products usually are preferred to virgin sheet stock 
because of their lower porosity and better resistance to cold flow. EPDM and Viton are 
used primarily with plastic or full-faced metal flanges. A standard warning with Grade 2 
titanium in wet chlorine service is that crevice corrosion occurs at low pH in stagnant 
areas around gaskets. This was especially a problem with virgin PTFE, because of its 
porosity. 

Wet chlorine gas, that is to say gas at low pressure, does not require tongue-and- 
groove flanges and can be confined by soft PVC and most of the common elastomers. 
Some polymeric gaskets require steel reinforcement, and some develop protective layers 
of chlorinated polymer. 


9.L8.4. Transfer of Liquid Chlorine 

9.1.8.4A. Pressurization. The simplest way to transfer chlorine, in gas or liquid phase, 
is to have it flow under its own vapor pressure. This method is constrained by the 
temperature of the liquid, which in certain systems may vary seasonally. If transfer 
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TABLE 9.10. Gasket Materials for Dry Chlorine Service 


Mfr 

Type of Gasket 

Piping service class 

Test temperature, 



I 

11 

IV 

V 

Min. 

Max. 


Asbestos, compressed (Fed. Spec. HH-P 46E) 

U 

u 

u 

u 

-73 



Chemical lead (2-4% Sb)^ 

U 

u 

u 

u 




Spiral-wound Monel/PTFE 

u 

UK 

u 

UK 




Virgin PTP^ (unfilled and unexpanded) 

u 

u 

u 

u 




Lead^ 

u 

UK 

u 

UK 



A 

Garlock Gy Ion 3510^ 

u 

u 

u 

U 



B 

Duralon 9000 

u 

u* 

u 

u* 

-40 

121 

C 

GORE-TEX GR 

u 

UK 

u 

UK 

-18 

38 

D 

Inertex SQ-S 

u 

U 

u 

U 

-46 

16 

A 

Garlock Graphonic^^ 

u 

UK 

u 

UK 

-18 

149 

E 

Tex-O-Lon 

u 

UK 

u 

UK 

-7 

132 

F 

Flexitallic Sigma 500 

u 

UK 

u 

UK 

-7 

7 

C 

GORE-TEX TriGuard 

u 

u* 

u 

u* 

-43 

4 


^ Should not be used in Class VI service 
Tested for service in Classes III and VI up to 38°C and down to -68° C 
^Graphite with Hastelloy C276 
U used or tested 
UK status unknown 

U* users should check for service restrictions 

Note: Key to manufacturers: A, Garlock Sealing Technologies, Inc.; B, GRI Durabla Canada Ltd.; C, W. L. Gore and 
Associates, Inc.; D, Inertech, Inc.; E, Elastomer Products, Inc.; F, Flexitallic LLP. 

Source: Adapted with permission of The Chlorine Institute, Inc. The Chlorine Institute does not approve, rate, certify, 
or endorse any gasket used in chlorine service. Users should refer to test results (obtained from gasket manufacturer or 
Chlorine Institute) before deciding on the use of a gasket. 


is from the gas phase, the temperature and pressure will also depend on the extent 
and perhaps the rate of withdrawal. Transfer from the gas phase also allows nitrogen 
trichloride to concentrate in the remaining liquid. These disadvantages are overcome 
by adding an inert gas, under higher pressure, to the tank. Transfer then is from the 
liquid phase, and a vaporizer (Section 9,1.8.7) becomes necessary when a gas supply is 
desired. Transfer by inert gas pressure is simple and eliminates the mechanical problems 
of pumping or compression of chlorine. The gas is usually air and sometimes nitrogen. 
Section 12.5 discusses its generation and supply. Figure 9.32 shows a specially designed 
and prefabricated air padding system that includes compression, drying, and safety 
systems. It delivers about 23.8 Nm^ hr“^ at 900 kPa with a dew point of —40®C or lower. 
The unit shown measures less than 2 m in all dimensions and has the advantage that the 
padding air supply is independent of all other sources. The control system maintains 
a minimum differential of 35 kPa between the vapor space and the delivery pressure. 
Power consumption at maximum pressure and rate is about 7.5 kW. 

The major drawback of air padding is that, after a transfer, the operator is confronted 
with a vessel full of a mixture of chlorine vapor and noncondensable gas at a pressure at 
least 1.5-2 bar above the normal operating level (GEST 78/74). Disposal of this gas is 
usually by venting through a scrubber. Displacing liquid by adding chlorine gas rather 
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FIGURE 9.32. Packaged air padding system (with permission of Powell Fabrication and Manufacturing, Inc.). 


than an inert eliminates the latter problem. The best approach technically is to raise the 
gas displaced from the receiving vessel to a higher pressure by compression and return 
it to the vessel being emptied. Compressors, described in Section 9.1.6.2, usually are of 
the reciprocating or diaphragm type. 

Figure 9.33 shows a typical arrangement (GEST 79/79) designed to overcome the 
various hazards of chlorine compression. The operating temperature limitations referred 
to in Section 9.1.6.2 apply here as well. When the chlorine used as padding gas is 
already under pressure, the compression ratio usually will be low enough to avoid the 
hazardous region. Instrumentation deemed essential in GEST 79/79 includes pressure 
gauges on both sides of the compressor and a high-temperature shutdown switch on the 
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FIGURE 9.33. Chlorine transfer compressor safety systems (with permission of Euro Chlor). 

outlet. The outlet pressure instrumentation should include a high-pressure shutdown. 
There must also be an automatic pressure relief to chlorine recovery or absorption on 
the outlet line and a manual vent on the inlet line. Optional features include a filter 
when there is any danger of the presence of solids in the chlorine supply, a low-pressure 
compressor shutdown switch, and a heated separation chamber. The last item is held 
above the boiling point of chlorine at the compressor suction pressure and is designed to 
vaporize entrained liquid. This too should be connected to the system vent. The bypass 
around the compressor permits startup of the machine. Should a bypass be required 
during normal operation, this line should include a cooling system. Finally, not shown 
on the drawing are pulsation/vibration dampeners. The need for these depends on the 
characteristics of the compressor. 

Those using this method of transfer must ensure that no moisture enters the system 
and that the chlorine intended as a pad gas does not condense in the receiver. The latter 
could result in overfilling the vessel. 

The pressure rating of a chlorine transfer tank must take into account the presence of 
the padding gas at its maximum pressure and the effects of thermal expansion of the liquid 
when the tank is closed. Conversely, the padding pressure should be chosen with the 
design or relieving pressure of the tank in mind. Chlorine Institute Drawing #201 shows 
the total pressure that can be put on a tank containing chlorine at its allowable filling 
density as a function of temperature. Two curves are shown, covering two different set 
relief pressures and assuming a maximum temperature of 105‘^F(40.56^C). Figure 9.34 is 
a modification that shows the total allowable (gauge) pressure as percent of the relieving 
pressure for the same two cases. 


9.1.8.4B. Pumping. The major hazard in pumping is the possibility of release of liquid 
chlorine. To a very large extent, this drives the system design. A fundamental question 
is how the suction of the pump will be attached to the stock tank. As a rule, designers 
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FIGURE 9.34. Allowable padding pressures on liquid chlorine. 


of liquid chlorine systems avoid side and bottom connections to tanks. Top connections, 
being less susceptible to mechanical damage and less likely to leak or break, are usually 
preferred. 

The ultimate simplification of the suction connection is to eliminate it with a sub¬ 
merged pump, and this is a very frequently used arrangement. The connection at the 
top of the tank then becomes a discharge line, and the pump mounting itself is another 
connection. These usually are grouped with others on a manway cover in order to reduce 
the number of penetrations of the vessel wall. 

While long-shaft pumps with multiple stages usually are required, the pumping 
application itself is in no way extraordinary. Seal design, however, is quite specialized. 
Maintaining a dilferential pressure on the seal with dry air or nitrogen prevents leakage 
to the atmosphere. As in similar applications, the dew point of the sealing gas must 
be very low. The standard arrangement depends on a pair of differential-pressure cells, 
both referenced to the vessel pressure. Gas enters the outboard side through one cell. 
The second cell maintains a backpressure on the lower (vessel) side of the seal, so that 
any leakage is into the vessel. In a producing plant, seal gas then flows to the liquefiers 
through pressure-equalizing lines. These pumps generally offer limited turndown. Many 
effluent lines therefore include a pressure-relief bypass/retum to the pump tank. 

Another problem with submerged pumps is the amount of chlorine that cannot be 
removed from the tank by pumping. First, the pump and its inlet must ride some distance 
above the bottom of the tank. Second, suction head requirements prevent pumping down 
to the pump inlet level. When emptying a tank, operators must first rely on removing 
the last of the liquid through a dip pipe. This might be under the influence of the liquid’s 
vapor pressure or with the aid of a dry gas pad. Complete removal of chlorine to allow 
maintenance or tank entry always requires evacuation or gas displacement to remove the 
vapor and the last traces of liquid. 

The inability to remove all the chlorine in routine operation reduces the useful 
storage capacity of a tank and increases the minimum inventory. The latter is important 
when trying to reduce the consequences of the worst-case accident scenario. Installing 
a suction inducer to reduce the required net positive suction head or adding a pump 
well or “boot” to the tank can reduce the liquid heel left by a pump. The former can 
reduce the suction head requirement from nearly 2 m to something less than 0.5 m. 
The latter allows the pump to be placed below the bottom of the cylindrical portion of 
the tank. This adds to the complexity of the tank and may require its elevation to be 
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HGURE 9.35. Use of separator tank with external pump tank. 


higher. The added welding and the extra stress placed on the boot also work against this 
approach. 

Excess flow valves are standard additions to pump discharge lines. These prevent 
too rapid discharge of chlorine if the line leaks or even breaks. The rising-ball design is 
a standard, illustrated by Chlorine Institute Drawing No. 101. 

One method for external pumping from top-outlet tanks, shown in Fig. 9.35, depends 
on an elevated separator tank and a separate pump tank [68]. The pump tank contains 
a submerged pump but is considerably smaller than a storage tank. The pump shaft is 
correspondingly shorter. With this arrangement, the liquefaction product goes to the 
separator tank, from which the liquid can flow by gravity to the pump tank or a (larger) 
storage tank. The pump tank delivers chlorine to users by downstream control, according 
to demand. Liquid makeup to the pump tank is on level control, and excess production 
overflows from an elevated nozzle on the separator tank into the chosen storage tank. 
Separator, pump, and storage tanks all are equalized with the process to permit gravity 
flow. The separator tank must be mounted at a sufficient height above the pump tank 
to overcome the resistance of the level control valve. When chlorine production is less 
than the pumping rate, the level in the pump tank falls, and liquid must be withdrawn 
from storage. In order to allow this, a second storage tank is brought into play. This 
contains liquid chlorine held above the process pressure by a dry air or nitrogen pad. 
When the level in the pump tank begins to fall off, the level controller (a split-range 
instrument) opens a second control valve communicating with the pressurized storage 
tank. More chlorine enters the pump tank to meet the demand. This method still relies 
on gas padding, and the gas eventually must be removed from the storage system. In 
this case, however, the amount of gas to be handled is much less than in the standard 
case where the volume of gas is at least as great as the total volume of liquid chlorine 
transferred. To provide for continuous operation while venting, at least a third storage 
tank is necessary. 

Another alternative to the submerged pump in the storage tank is a submerged 
pump in a much smaller tank connected to the large tank by a top-connected suction 
line [69]. This removes the necessity of taking the large storage tank out of service 










868 


CHAPTER 9 


for pump maintenance. It adds the disadvantages of increased plot area and the need 
to operate a siphon. The latter can require a high flow rate to prevent accumulation of 
bubbles and eventual failure. Turndown therefore is limited. This approach also can 
reduce investment cost when the small pump tank serves more than one storage tank. 
However, this latter technique complicates the piping and, more importantly, aggravates 
the hazard by adding a number of connections and valves. 

The principal hazard of true external pumping with conventional horizontal pumps 
would be leakage from the seals. This is usually avoided by the use of canned pumps. 
These have no external seals, and leakage from the pump is eliminated so long as the 
body is sound. These pumps are compact and, particularly in smaller facilities, have been 
included in designs with bottom outlets on tanks and in confined spaces. The pumped 
fluid cools the pump and its bearings. Accomplishing this requires both a minimum flow 
through the pump itself and also a flow through the bearings and into the upper part of 
the pump casing. 

A final variation is particularly useful with low-pressure storage in spheres or other 
large tanks. Using a top connection raises the problems of priming and sometimes insuf¬ 
ficient suction head. The use of an internal eductor and recycle of some of the pump 
output relieves the second problem. This is a relatively low cost way to obtain the benefits 
of external pumping without a bottom connection. Its disadvantages include the fact that 
priming is still necessary and the higher operating cost associated with pumping much 
of the chlorine more than once. 

9.1.8.5. Loading and Unloading. Loading and unloading requirements are quite similar 
in principle. The loading organization has several added responsibilities in checking the 
tankers, valves, and manways and in ensuring that neither the weight of chlorine loaded 
nor any applied padding pressure is excessive. Some of the other requirements may be 
more burdensome for a receiving organization without a sizable staff expert in chlorine 
safety. It is vital, however, for all safety precautions to be observed. 

Recommendations for unloading and loading of road and rail tankers are contained, 
respectively, in GEST 78/73 and 78/74, which also provide checklists for inspection and 
operation. Many features are common to the two operations. For example, the location 
of the facility should be level, as close as practicable to the source of chlorine (loading) 
or the receiving equipment (unloading). It should also be well lit, adequately separated 
from other traffic, and accessible from at least two sides. The facility and operation 
should be covered in the site emergency plan. 

The chlorine-containing vehicle (road or rail tanker or ISO container) should be 
protected from other vehicles and should be incapable of uncontrolled movement. The 
methods for achieving these goals depend on the type of vehicle used. Railcars can be 
protected by movable buffers and derailing devices or by locked switches that keep a line 
dedicated to chlorine transfer. On a through track, derailers should be placed on both 
sides at a distance of about 15 m. With road tankers, the barrel should move forward 
only; if the motive source is to be removed, drop legs should be strong enough to support 
a full load and should have provision for locking them into place before the connection 
is broken. 

An outdoor location is normally preferred because of the complications associ¬ 
ated with enclosed systems (Section 9.1.8.2C). However, a roof is a useful feature for 
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protection of equipment as well as protection and convenience of personnel. Access 
should be easy and the platform large enough for easy movement by an operator in full 
gear or with an air-supplied respirator. Stairs are preferred to ladders. With more than 
one transfer point or more than five meters between the connection and the main access 
point, there should also be a second exit. The loading/unloading system is best located 
away from danger of fire, traffic, falling objects, etc. 

Piping should be of drawn (weld-free) or ERW carbon steel and should follow the 
recommendations of Section 9.1.8.3A. Welds should be radiographed where possible, 
and joints that can not be radiographed should be tested for dye penetration. The recom¬ 
mended pressure rating is 40 bar. The design temperature should be about —40°C, which 
implies the use of fine-grain weldable steels. Piping should be sized for velocities of no 
more than 2 m s~^, and bends should have radii equal to at least 1.5 times the diameter 
of the pipe. 

Valves should meet the design requirements given above and should conform to 
the practices recommended in Section 9.1.8.3b, P6, GEST 93/180 (ball valves), and 
GEST 89/140 and 90/150 (globe valves). 

Tujague [70] suggested specific improvements beyond what has been normal prac¬ 
tice. These include providing an enclosure for the delivery vehicle, support for the 
unloading hose, and design of the piping supports for seismic zone four. 

Loading and unloading operations require protection against release of chlorine 
while the mobile container is attached to the storage system. Connection of the load¬ 
ing or unloading point to the vehicle should be by an articulated arm 25-50 mm in 
diameter. GEST 75/44 gives recommended design features. Connections to process or 
tankage should be through flexible hoses that conform to Appendix A of Pamphlet 6 
and to GEST 75/45. These should have fail-safe automatic valves on both sides. Any 
sections of the liquid transfer line that can be blocked in by two closed valves should 
be protected by expansion chambers (Section 9.1.10.4). There should also be some 
means of detecting movement of the mobile container and a switch to shut the operation 
down before this can cause a release. Figure 9,36, based on the use of a dry pad¬ 
ding gas to unload the vehicle, shows a typical arrangement (P57). The system should 
include at least two manual shutdown switches in different locations remote from the 
main control panel. Some installations use trip wires that break if the vehicle moves 
more than a certain amount. Breaking the wire breaks a circuit and causes the valves 
to close. In other systems, the instrument air tubing intentionally is shorter than the 
flexible hose used for transfer. The air supply therefore fails before a hose connec¬ 
tion can break, again causing the valves to close. A similar arrangement that depends 
on an electronic signal uses a mirror mounted on the vehicle directly under a photo¬ 
cell, If the vehicle moves and the reflected signal disappears, the shutdown system 
activates. 

Transfer hoses should have bursting pressures not less than five times the maximum 
relief device setting on the connected tank. Minimum design pressures are 2,586 kPa 
(375 psig) for rail or road tanker service and 2,086 kPa (300psig) for barge service (P6), 
Other characteristics of metal hoses should be: 

1. one continuous length, kept to a practical minimum for the installation 

2. seamless or butt-welded tube of Monel 400, with annular corrugations 
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3. Schedule 80 pipe nipples permanently attached to both ends; flanges may be 
welded, brazed, or threaded to nipples 

4. hexagonal wrench pads of steel or malleable iron with minimum width of 25 mm 
welded to pipe nipples or integral parts of end fittings 

5. welding to proper code (Appendix A of Pamphlet 6) 

6. protection by Type 304 stainless steel spiral guard or Type 302 casing for full 
length of hose (other means of protection acceptable if properly engineered and 
permanently attached to the assembly), 

Nonmetallic hoses also are acceptable with the proviso that they be used only when 
ventilation is adequate for their degree of permeability. They should be used only at 
temperatures above —35°C, The same design pressures apply, along with points (1), (3), 
and (4) from the list above. Hoses should be of virgin PTFE. They may be of smooth 
bore or have annular or helical corrugations. PTFE^impregnated fiberglass can be used 
for reinforcement. Stainless steel reinforcement is not acceptable (GEST 78/74). A hose 
should also have a structural layer braid of PVDF monofilament or a structural braid of 
Hastelloy C-276. The braid is to be permanently attached at both ends with Monel or 
Hastelloy C-276 to provide a positive braid lock. Nonmetallic hoses also require chafe 
protection. This may take the form of a PVDF braid or a chlorosulfonated polyethylene 
jacket along the full length of the hose. Jackets should be pricked to allow escape of any 
gas that permeates the hose. 

Hoses should be used only as temporary connections and should be regarded as 
nonrepairabie. Corrosion, leakage, fraying, deformation, and ballooning or bunching of 
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the braid are reasons for replacing hoses. They should be inspected at least every 2 years. 
Inspection of metallic hoses should include visual examination and a hydrostatic test at 
1.5 times the maximum pressure to which the hose is subjected in service. Proper support 
of the hose is essential during testing. Proper installation also is critical. Installation of any 
hose should be in one plane only. Compound bends induce torque and are not acceptable. 
The allowable bend radius of each hose should be determined by the manufacturer and 
indicated by tagging. The minimum bend radius should be no more than 300 mm, and 
there should be at least a 25-mm differential between the minimum bend radius of the 
outer casing and that of the inner hose. When servicing a fixed location, one end of the 
hose can be left in place. An idle hose should be protected against atmospheric moisture 
by plugging, capping, or valving of the open end. The best arrangement is to allow the 
hose to hang vertically when not in service. This minimizes bending stress. Often, the 
use of an elbow at the container connection can reduce the amount of bending required. 

The discussion above follows the Chlorine Institute recommendations. Some sup¬ 
pliers and consumers use other types of hose successfully. The designer or user must 
establish that the type of hose to be used, its installation, and the operating procedures are 
in fact suitable for the service. Pamphlet 6 contains other details that should be reviewed 
before adopting transfer by flexible hose. 

The Chlorine Institute (P93) also describes a pneumatically operated valve (POV) 
for use on chlorine tank cars. This is a dual assembly including an angle globe valve 
with external bellows seal and a spring-loaded ball check valve. The main features of 
the POV that distinguish it from the standard manual angle valve are: 

1. the stem does not rotate, and packing is eliminated 

2. the stem moves down to open and up to close 

3. the POV can be operated from a remote location 

4. the check valve does not depend on differential pressure for its seal. 

The fourth item eliminates the need for the usual excess flow valve. This design lends 
itself to use in an automatic shutdown system and is compatible with the example 
described below. 

Loading and unloading operations are special cases of liquid transfer, which is 
the subject of the preceding Section 9.1.8.4. Safety is the paramount concern. Qualified 
personnel should attend both operations at all times. The hazards added to those incidental 
to the handling of chlorine include the need to make and break connections to equipment 
or lines that contain chlorine and the need to secure vehicles before and after operation. 

Control-panel graphics should be easy to understand, and the controls should be 
arranged in a way that helps the operator through the loading or unloading sequence. 
These precautions are observed in the tank car loading system described by Burelle 
and Bourgeois [71]. Many of the features are applicable to road tankers as well. This 
system also includes chlorine sensors immediately below the loading spot and in the 
surrounding area. When activated, these shut down the transfer operation and close 
all valves. Switches on the loading line also shut the operation down if the pressure 
is unusually high or low. Interlocking of the valves prevents operation in the wrong 
sequence. Operators must complete three levels of training and be recertified every three 
years. 
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Figure 9.37 shows a tank car loading operation that relies on a pump. The scheme 
is that of Appendix 2 of GEST 78/74. Pumping, discussed in Section 9.1.8.4B, is an 
option in all cases and is necessary when chlorine is stored at low pressure. The tanker 
itself should be on a level spot, and its lateral movement should be prevented. Lighting is 
important for nighttime operation and emergency situations. Emergency lighting should 
be provided as backup. There should also be clear indication that the tanker is in fact 
being filled. In Fig. 9.37, a weighing system with high alarm provides this indication. The 
maximum filling density of 1.25 recommended for storage tanks also applies to transport 
containers. The three principal methods for determining the amount of chlorine actually 
loaded are 

1. loading into a vehicle on a weighbridge 

2. weighing from storage 

3. volumetric displacement from storage. 

The first method is preferred, and the maximum gross weight should be based on the 
original tare weight of the vehicle. The second and third are acceptable only if the gross 
weight is checked before departure from the plant. Final precautions before shipping 
include leak testing, reinstallation of blank flanges, and checking of labels. Whether 
loading is controlled by weight or by measurement of the volume loaded, it is important 
to be aware of the presence of liquid chlorine in the tanker before loading begins. Unless 
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this is known quantitatively or the tanker is emptied on site before loading, weighing 
from the pump tank or loading by volume is not acceptable. In any case, emptying a 
container returned to the plant with residual chlorine is good practice and should be 
omitted only in special circumstances and with accurate knowledge of the history of the 
container. 

The venting arrangement is an integral part of a loading or unloading system. 
Figure 9.37 shows a connection at the pump and two at the loading spot, near the flexible 
connections. Each vent line contains a trap with liquid detection to keep liquid out of 
the vent scrubber and chlorine recovery systems. 

The organization responsible for unloading must take care to avoid the entry of 
moisture and the exposure of chlorine to hydrogen or other reactive materials. Inert 
gas, if used for pressurization, must have a dew point no higher than —40°C. The 
gas pressure should be 1.5-2 bar above that of the receiver and should be vented off 
before disconnecting. For transfer by pressurizing with compressed chlorine, the system 
and operating procedures should be designed to exclude moisture, and the operators 
should be aware of the possibility and hazard of condensing the compressed chlorine 
in a cold container. Most often, chlorine is unloaded into a storage facility; sometimes, 
it is unloaded directly into the process. The latter procedure obviously adds hazards to 
the operation. These should be weighed against the hazards of multiple transfers and 
additional equipment that are involved in intermediate storage. In all circumstances, 
keeping the unloading time to a minimum enhances safety. 

While nitrogen gas generated from the liquid is suitable as a padding gas, the 
volumes required when pressurization is the primary method of transfer favor the use of 
compressed air. Design of an air compression system should recognize that the pressure 
developed by the compressor must be greater than the pressure in the vehicle, which 
in turn is greater than the pressure at the point of delivery. Pressure-swing regeneration 
of the air dryers also requires higher compressor and dryer throughput, as given by 
Eq, (12,7). Padding air ideally should come from an independent dedicated compressor 
(P49), as in Fig. 9.36 or the packaged system shown in Fig. 9.32. The air supplied for 
container padding should meet the requirements of Section 12.5.2.1. The quantity needed 
to unload a vehicle filled to the standard density of 1.25 is given approximately by 

V ^2AW{n- P^)/T (75) 


where 

V — volume of air required, Nm^ 

W = weight of chlorine unloaded, t 
n = total pressure on the vehicle, kPa 
pO _ vapor pressure of chlorine, kPa 
T = temperature, K 

This allows for the initial application of the pad to the vapor space as well as displacement 
of the liquid from the vessel. The padding gas flow rate during continuous transfer is 
approximately 


Q = 2750(n - P^)/pT 


( 76 ) 
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where 

Q = padding gas flow rate, Nm^ of liquid chlorine 
n = total pressure on the vehicle, kPa 
= vapor pressure of chlorine, kPa 
p = liquid density, kg m“^ 

T = temperature, K 

Note that about 0.4% of the amount transferred as liquid chlorine becomes vapor in the 
empty vessel. 

Example. We wish to unload chlorine at a rate of 151 hr“ ^ into a system held at 275 kPa 
(gauge). The chlorine in the tanker is at 265°K, where its vapor pressure is 170kPa(g). 
We assume pressures of 400 kPa in the padded vapor space of the tanker and 450 kPa at 
the compressor outlet. The air flow to the tanker, by Eq. (76), is 

Q = 2750 (400 - 170)7(1415 x 265) = 1.7 Nm^ chlorine 
= 25.3Nm3hr“' 


The use of the liquid temperature (265 K) to represent the vapor space as well adds a bit 
of conservatism. Eq. (12.7) gives the amount of dry air consumed in dryer regeneration 
in a pressure-swing system as about 

P = 12,000/450 = 26.7% 


The compressor therefore must deliver about 25.3/0,733 = 35 Nm^ hr ^ of air at 
450 kPa. 

The volumetric flow rate of liquid chlorine is 10.6 m^ hr“^ To keep the velocity 
below 2ms”^ this requires a line diameter of 43 mm. Schedule 80 50-mm pipe will 
serve this purpose. 


9.L8.6. Transportation and Packaging. Bulk transport of chlorine may be by road, rail, 
or barge. Associated hazards and the methods for dealing with them vary, but in any case 
transportation of chlorine is closely regulated. The regulations vary from one authority 
to another, but national codes generally are consistent with the United Nations Recom¬ 
mendations on the Transport of Dangerous Goods. Regulations are aimed primarily at 
prevention of hazardous releases, but they also specify the labeling of containers to warn 
the public and inform emergency personnel of the contents. Figure 9.38 shows a typical 
example [72]. The placards can carry the usual hazard codes. Most of the other markings 
have to do with construction, testing, and the carrying capacity of the tank car. Chlorine is 
universally classified as a poison gas. Subsidiary classifications deal with its corrosivity 
and its oxidizing power. The United Nations identification for chlorine is U.N. 1017. 

Common carriers bear the primary responsibility for their cargoes. However, 
prudence and Responsible Care® (Section 16.4.2.6) require a chlorine producer to 
be closely involved with all shipping agents and to share information and training 
resources. Mobile containers must be fabricated correctly to prevent or withstand dam¬ 
age. They require valves for loading and unloading; these are particularly susceptible 




FIGURE 9.38. Transport container labeling (adapted with permission of The Chlorine Institute, Inc.). 
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to damage, and their housing and protection are critical. Both the Chlorine Institute 
and Euro Chlor require valve protection. Protection should include a substantial cover, 
which can be a dome over externally mounted valves or a recessed housing inside the 
barrel. The cover should be secure in case of accident but must not damage the barrel 
with the forces generated in the accident. Similarly, it should not be allowed to slam 
closed (thus protecting both the barrel and the operator). Piping design should minimize 
the potential for damage by a falling cover [36]. All valves must be clearly labeled as 
vapor- or liquid-phase connections. Standard valves have double seals. One type, for 
example, provides secondary internal closure. There are two sections: 

1. an internal disc below the valve plate, with automatic closure; 

2. a standard valve, remotely operated, fixed to the valve plate. 

The Chlorine Institute has also cooperated in the development of a pressure relief 
device for chlorine transport service (Section 9.1.10.2). The Institute recommends its use 
on transport containers. With Euro Chlor (GEST 73/20, 80/89), pressure relief valves 
are “emphatically not recommended.” 

Minimum design temperature is — 35°C, and the design test pressure is 22 kg cm“^ 
(~2160kPa). The material of choice is nonalloyed fine-grain steel. In design calcula¬ 
tions, the ultimate tensile strength at rupture (UTS) may not be assigned a value greater 
than 57-60 kg mm”^. The minimum elongation, expressed in percent, is 1,000/UTS. A 
preferred value is 1,150/UTS, corresponding to a value of 20% when UTS = 57.5. The 
thickness of the ends should be at least as great as that of the barrel. Only one manhole 
is permitted, with a diameter no larger than 5(X) mm. The manhole cover should contain 
all the other nozzles. 

Chlorine transport wagons usually are not externally insulated. Such insulation, 
particularly if wet, can be a source of corrosion, and it impedes inspection. The standard 
containers therefore are double-walled vessels with insulation between the two bodies. 

Releases of chlorine due to accidents en route can quickly go beyond the capab¬ 
ilities of train crews, drivers, and local emergency teams. Skilled help with specific 
training is available in the industry. The Chlorine Institute and Euro Chlor both have 
emergency response plans. The Chlorine Institute operates the Chlorine Emergency Plan 
(CHLOREP), in which teams from chlorine producers, packagers, and users are available 
to handle real or potential releases of chlorine. The United States and Canada provide 
dispatch agencies for general transportation emergencies. These agencies, the Chemical 
Transportation Emergency Center (CHEMTREC) in the United States and the Canadian 
Transport Emergency Centre (CANUTEC), will automatically activate CHLOREP. 


9.1.8.6A. Rail Transport. Two aspects of importance in rail transport are the marshalling 
of tankers in freight yards or other handling areas and the make-up of trains. In order 
to avoid damage by impact, there should be no gravity shunts and no freewheeling of 
chlorine tankers. Some local regulations forbid the combination of chlorine and a flam¬ 
mable gas on the same train; some require barrier cars between chlorine and explosives, 
inflammables, the engine, and the brake van (GEST 80/89). 

Car size depends on customer capability, rail gauge, and any restrictions on allow¬ 
able axle weight. Local codes and regulations cover other aspects of design. These have 
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evolved over the years to take advantage of better materials and fabrication techniques. 
In North America, cars classified as 105A300-W or 105A500-W have been used for 
many years. Newer cars are being fabricated to 105J300 or 105J500 (P 66), and the 
older designs are being replaced. Safety systems that are emphasized include thermal 
protection, insulation, puncture resistance, and vertical restraint of couplers. The spe¬ 
cification calls for at least 100 mm of prescribed insulation with a steel jacket at least 
3 mm thick. P66 covers all this in detail and furnishes checklists for inspection and 
transfer operations. 

9.1.8.6B. Road Transport. Transport by road is more common in Europe than in North 
America. Euro Chlor (GEST 96/221) gives design recommendations for road tankers, 
covering fabrication, welding, heat treatment, and inspection. Recommended appurten¬ 
ances include side and rear barrel guards, side and end underrun guards, and a full rear 
bumper. Valves should be pneumatically operated (GEST 75/46) with facility for inde¬ 
pendent manual isolation, and they should be protected from mechanical damage. The 
valves should be interlocked with the parking brakes. It should be impossible to open 
the valves unless the brakes are set and impossible to release the brakes while any valve 
remains open. 

GEST 73/20 sets out the procedures to follow during transportation. Particular 
importance should be put on the selection and training of drivers. Assignment of drivers 
to chlorine transport operations should not be a haphazard procedure; all drivers should 
be fully qualified. Medical checks are important, and each driver, in addition to the phys¬ 
ical skills required by the types of vehicle used, should demonstrate maturity, judgment, 
and the ability to assume responsibility and act independently when necessary. Training 
should cover the properties and characteristics of chlorine; the hazards involved in load¬ 
ing, transportation, and unloading; the use of safety equipment; and the procedures to 
follow in case of an accident. Training also should cover the types of safety equipment 
carried on board the vehicle. In addition to that required by national highway regula¬ 
tions, this equipment should include respiratory protection devices, first aid and chlorine 
emergency equipment, and mobile phones. 

The producer or shipper should supply drivers with standard accident report forms. 
For each journey, a route should be chosen that reduces the risks and in particular avoids 
areas of high population density when that is possible. Weather is another important 
factor, and chlorine should not be transported when weather conditions are unsuitable. 

Drivers should park vehicles in safe locations, away from hazards such as falling 
objects and fire hazards. Should a vehicle be exposed to fire, it should be moved away as 
quickly as possible. Failing this, it should be cooled by a spray of water to avoid heating 
to the point of chlorine/steel combustion. Water, on the other hand, should never be 
used on a chlorine leak, because it will cause rapid corrosion. If a leak develops during 
transit, the vehicle should be taken to a remote spot and one of the emergency response 
organizations informed. The driver should on no account leave the vehicle unattended. 

Drivers’ pay scales should not in any way encourage violation of safety practices 
or short cuts around standard procedures. Vehicles should have tachographs to record 
speeds and distances traveled. 

The Chlorine Institute (P49) gives similar advice and a list of tests and inspec¬ 
tions. Pamphlet 49 also shows typical engineering certifications of the automatic shutoff 
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systems that must stop flow within twenty seconds of loss of connection to a receiver. 
In the United States, this is a requirement of Title 49, Code of Federal Regulations, 
Part 173315 (n)(2), designated 49 CFR 173.315 (n)(2) 

9.1.8.6C. Barge Transport, This book does not consider the handling of chlorine in 
barges, which is a specialized and relatively infrequent operation, in any detail. There 
is some barge traffic in North America but very little in most other parts of the world. 
The hazards of chlorine and the techniques involved in its handling are much the same 
as in transport by road or rail. They are, however, influenced by the scale of operation. 
Inland chlorine barges can be 60 m long and carry up to 1,200 1 of chlorine in multiple 
tanks. Other barges can carry caustic and other products as well as chlorine. In this 
arrangement, chlorine tanks ride on the deck with other products stored in holds. 

The Coast Guards of Canada and the United States, each with its own added require¬ 
ments, regulate barge transport of chlorine (P79). There is not yet a Coast Guard-defined 
procedure for emergency response plans, but training is covered in 29 CFR 1910.120. 
This also covers procedures, clean-up activities, and the use of personal protective 
equipment. Protective equipment is also the subject of Cl Pamphlet 65 and 29 CFR 
1910.132-134. 

Two special characteristics are the marine hazards and the separation between the 
barge and the source or destination. First, all standard marine safety procedures must 
be added to those connected with chlorine. For instance, anyone present on the deck of 
a barge should wear a flotation device, except perhaps when working in an area fully 
protected by handrails. Second, while operations on shore and on the vessel should be 
closely coordinated, there should be separate individuals in charge of each location. The 
person in charge on the vessel will have primary authority during the transfer operation. 
Pamphlet 79 summarizes US Coast Guard regulations for inspection, personal protective 
equipment, surveillance, labeling, and emergency equipment. The last category includes 
acoustic underwater location devices in case a barge should sink. The Chlorine Institute 
deploys detectors in several locations for the industry’s use. 


9.1.8.6D. Accident Statistics. GEST 90/159B presents transport accident statistics in 
the Euro Chlor countries over the 40-year period 1950-1990. They cover transport in 
small containers as well as bulk transport by road and rail. Pipeline transfer and transport 
by barge are not common techniques in Europe. Table 9.11 summarizes the findings. 

About 70% of the chlorine released in bulk transport accidents resulted from damage 
to valves with no internal sealing mechanism. Such valves are not acceptable under 
today’s standards. The worst accident occurred on a crowded wharf, when a ton container 
slid into another and broke a bronze cap screwed into the bottom of the second container. 
This accounted for the fatalities noted above, and 129 persons were hospitalized for 
chlorine exposure. This bottom-cap arrangement also is no longer allowed. 

GEST 90/159B also analyzes a number of other accidents and assesses their causes. 
Table 9.12 summarizes the incidents that resulted in releases of chlorine. Rail accidents 
involved 90 wagons in 28 derailments and 17 collisions. None resulted in punctures; 
there were two incidents, attributed to NCI 3 decomposition, in which barrels were dis¬ 
torted. Causes of derailment were shunting errors, defective switches, broken axles, and 
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TABLE 9.11. Euro Chlor Transport Incident Statistics 1950-1990 


Transport mode 

Number of incidents 

Containers involved 

Number of tons leaked 

Largest Release, t 

Rail 

No leak 

50 

99 

- 

- 

Leak 

17 

17 

21.5 

15.5 

Road 

No leak 

18 

18 

- 

- 

Leak 

5 

5 

15 

10 

Small containers 

No leak 

7 

39 

- 

- 

Leak^ 

18 

25 

10.2 

6.4 


Note: ^ Four fatalities 

Source: With permission of Euro Chlor 


TABLE 9.12. Incidents Involving Release of Chlorine 


Locus and cause 

Rail tankers 

Road tankers 

Small containers 

Valve 

Impact 

2 

1 

1 

Defective seal 

7 

0 

2 

Defective connection 

8 

3 

0 

Manhole lid 

Defective gasket 

2 

0 

N/A 

Container 

Impact puncture 

0 

1 

5 

Explosion in fire 

0 

0 

8 

Corrosion 

0 

0 

9 


Source: With permission of Euro Chlor 


vandalism. Two derailments were the cause of valve damage and the release of large 
amounts of chlorine. Both occurred over 30 years ago, and the valves, as noted above, 
did not conform to modem standards. 

Most road transport accidents involved vehicles going off the road; only about 25% 
involved collisions. 

Finally, we should note that Tables 9.11 and 9.12 do not give an accurate picture of 
current safety performance. Most of the incidents reported occurred in the earlier years. 
One can expect that, when similar lists are published summarizing performance between 
1990 and 2030, there will be fewer incidents to report. 


9.1.8.6E. Packaging. The act of packaging of chlorine is itself a rather simple operation. 
The best method is to load by weight a container placed on scales. The container and 
its connections should be checked for leaks each time it is loaded. This can be done by 
charging a small amount of chlorine to a partly evacuated container and then testing the 
container and joints with an ammonia bottle. After testing, the container can be fully 
evacuated and then filled with chlorine to the proper weight. All due safety precautions 
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must be observed throughout the process. Mason [73] describes, among other operations, 
the filling of drums or ton containers. An empty drum is placed on a scale after venting 
or evacuation. After reading or setting the tare weight of the drum, the operator connects 
filling and venting hoses. The next step is pressure testing of the connections, and 
this is followed by filling the drum to the desired net weight. While straightforward, 
this procedure involves a number of operator actions and decisions. Its safety can be 
enhanced by computerization. Some of the steps taken by the computer are: 

1 . accept identification of container 

2 . check tare weight against recorded value and reject if in disagreement 

3. calculate final gross weight and set alarms for “nearly full” and “full” 

4. prompt operator to connect drum 

5. verify connections made 

6 . start fill 

7. shut down when correct weight is reached 

8 . prompt operator’s sequence for disconnection 

9. activate emergency shutdown when unsafe condition arises 

The Chlorine Institute’s Pamphlet 17 is a detailed document covering many aspects of 
the facilities, equipment, and techniques used in packaging chlorine. Housekeeping is a 
constant theme. 

Pamphlet 17 covers construction of cylinders and ton containers. This essentially 
follows general standards; the pamphlet lists those that apply in North America. “Ton” 
containers may have capacity for a standard US (short) ton or a metric ton. The diameter 
is the same (~762 mm) in either case. The metric ton container is about 18 cm longer 
and 30-60 kg heavier, and it is equipped with four rather than three fusible plugs on 
each end. 

The pamphlet also gives detailed instructions for inspection, cleaning, drying, 
repair, and disposal of containers. It contains illustrations of the various types of corrosion 
and gives criteria for rejection and condemnation of cylinders. A rejected cylinder can be 
repaired or rebuilt and, after certification, used again in chlorine service. A condemned 
cylinder must be physically destroyed and disposed of. 

The Chlorine Institute provides emergency kits for repair of cylinders (Kit A) and 
ton containers (Kit B) and for temporary containment of leaks. Users should ensure 
that their containers are compatible with these kits. When a leaking cylinder cannot be 
repaired, it should be enclosed in a leakproof recovery vessel and returned to the supplier. 
Cl Drawing 188 (issue 2, 1993) shows such a vessel. 

Facility design also should follow Pamphlet 17 and local codes. Structures should 
be fire-resistant, and no flammable materials should be kept in the building unless separ¬ 
ated from chlorine by firewalls. There should be at least two exits from each area where 
chlorine is stored or handled and at least two stairways or ladders at each platform. Emer¬ 
gency egress routes should be clearly and prominently marked and kept clear at all times. 
Many facilities use chlorine monitors to detect any release of chlorine (P73). Ventilation 
requirements are site-specific but should follow best industry practices [74]. Respiratory 
protective equipment should be in ample supply. This should meet all governmental 
requirements; it is covered in Section 16.2.1.3. 
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All filling stations and valving areas must be clean and dry. These are not storage 
areas; containers should be filled or maintained and then moved promptly. Scales and 
surrounding areas should be kept clean at all times. Scales require regular calibration, 
which is to be carefully documented. The greatest hazard is overfilling of the containers. 

Storage can be indoors or outdoors. The storage area should be clearly posted. 
When storage is indoors, the entrance to the building also should be posted. Things to 
avoid when storing chlorine containers include: 

1 . external corrosion; cylinders should be placed on platforms rather than exposed 
to standing water 

2. beloW“grade storage 

3. flames and intense heat 

4. falling objects 

5. vehicular traffic 

6 . commingling with containers of other materials 

7. mixing of empty with filled containers 

8 . entry to area or handling of containers by unauthorized persons 

9. unprotected cylinder valves 

The containers must be constructed to local codes, which include specifications 
on materials and dimensions of containers. The codes usually dictate the markings that 
must be stamped onto the containers. In the United States, these are in 49 CFR 178. The 
Chlorine Institute recommends including the tare weight in the markings. 


9.1.8.7. Vaporization. Laboratories and other consumers of very small quantities of 
gaseous chlorine often can operate by withdrawing vapor from a cylinder. When opera¬ 
tion is intermittent, chlorine can flow at fairly high flow rates for short periods of time. 
The heat of vaporization is supplied by the remaining liquid, which grows colder as 
the operation continues. So long as there is enough time between withdrawals, the con¬ 
tents can return to ambient temperature and the process can repeat. Sustainable flow 
rates are much lower. A ton container operating against a positive pressure of lOOkPa 
at an ambient temperature of 21°C can provide a bit more than 0.1 kg min“^ A 68-kg 
cylinder can supply only one fifth this rate. For higher rates, some users connect cylin¬ 
ders in manifold. This technique requires caution, because it creates the hazard of flow 
from warm cylinders into those that are colder, overfilling them to the point at which 
thermal expansion during shutdown may cause too high a pressure. Deliberately heating 
cylinders is poor practice and should not be tolerated in any operation. 

When the demand for vapor is higher, apparatus designed for this purpose becomes 
necessary. This section discusses design and operation of such vaporizers. Not all plants 
operate vaporizers, but these units still account for a large fraction of the releases of 
chlorine that producers and users report. Vaporization is relatively a more frequent oper¬ 
ation among users who do not produce chlorine. In many cases, vaporization becomes 
a batch operation, which lacking a steady state can be more hazardous. Many incidents 
have resulted from overloading a scrubber system with liquid [75]. The relative lack 
of experience and sophistication on the part of some operators may help to account for 
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Relief 

Valve 



FIGURE 9.39. Chlorine vaporizer (with permission of The Chlorine Institute, Inc.). 


this situation. Safety surveys, for example, sometimes show that users do not have cur¬ 
rent knowledge of the NCI 3 content of the chlorine they receive [76]. Both Euro Chlor 
(GEST 75/47) and the Chlorine Institute (Pamphlet 9) outline the necessary and desir¬ 
able features of vaporization system design, and all operators should check their systems 
against these recommendations. 

Vaporizer systems should be designed so that, within their heat-transfer capacity, 
the rate automatically adjusts to the process demand. The systems discussed here, such 
as the typical vaporizer in Fig. 9.39, meet this requirement. An increase in demand, for 
example, causes the line pressure to drop, leading to an increase in flow of liquid chlorine. 
The level in the vaporizer then goes up, increasing the area of active heat-transfer surface 
and therefore the rate of vaporization. 

The vaporization of chlorine tends to be a small-scale process, usually less than 
180 tpd (P9). The unit shown is a steam-heated vertical bayonet exchanger, and the 
drawing follows Typical Flow Schematic 3 of Pamphlet 9. This pamphlet shows a number 
of other arrangements, but the gas side is the same in all cases. The following paragraphs 
describe the functions of these devices. 

The use of an overhead gas shutoff valve, as shown on this drawing, makes a 
pressure-relief valve necessary. A rupture disc may be placed beneath the relief valve, 
with some means of detecting the presence of chlorine between the two. 

Pressure and temperature indicators provide useful process information and allow 
determination of the degree of superheat in the gas. The temperature connection may 
also be used as a control point (see next paragraph). 
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The restricting orifice and the liquid knockout pot both guard against entrainment 
of liquid chlorine, which might create a serious hazard in the process. The orifice, 
sometimes replaced by a flow control valve, limits the flow to no more than the vaporizing 
capacity and so helps to avoid entrainment. Other possible measures include a high-level 
shutdown on the vaporizer and gas temperature control or low-temperature shutdown. 
The knockout pot is the second line of defense. 

The valve in the gas line behind the knockout pot shuts down the vaporizer when 
any of several hazardous events occur. The valve prevents too high a flow of gas, which 
should not be allowed to exceed the vaporizing capacity. This would lead to entrainment 
of liquid chlorine. The valve also can respond to a loss of energy input due to failure of the 
heating medium. With such functions, the valve should close upon loss of signal. It may 
also be useful to have a pressure-reducing valve in the line to stabilize the downstream 
pressure and incidentally to develop some superheat in the gas. When fitted with an 
actuator, this can also serve as the shutdown valve. 

The barometric leg represents one way to prevent process material from flowing 
back into the vaporizer. The height of the leg should suit the density of the process fluid. 
When the process operates under pressure or when chlorine enters the process against a 
substantial head of process fluid, a barometric leg may be impractical. Other devices used 
include low-pressure shutdown systems, power-operated control valves, backpressure 
regulators, and vacuum breakers. Check valves are another possibility, but they are not 
widely recommended and must be used with discretion and with some assurance that 
they provide positive shutoff. A variation is the use of an automatic value that shuts when 
the differential pressure between two points in the transfer line reverses, indicating the 
potential for backflow. 

The feed line to the vaporizer contains an expansion chamber and a reserve container. 
The function of the latter is to allow continued operation while changing the source of 
chlorine, as for example from one cylinder to another. It is not always required. The 
expansion chamber is the standard apparatus protecting the line in case valves are closed 
at both ends (Section 9.1.10.4). Note that no valves appear in the feed line on the drawing. 
This allows backflow of chlorine to the source when necessary. Valves in the feed line 
should be strictly for purposes of isolation and maintenance. They should otherwise 
remain open as long as chlorine is in the vaporizer system. Pumping systems should 
provide a controlled constant-pressure supply to the vaporizer and should have a high- 
capacity bypass back to the source. The other common technique for providing delivery 
pressures above the vapor pressure of chlorine at storage temperature is gas padding, 
discussed in Section 9.1.8.4A. The gas used must be scrupulously dry and should be 
at the minimum pressure necessary. Those who specify vaporization systems should be 
aware that higher pressures increase the boiling point of chlorine in the vaporizer and 
may therefore reduce its capacity. 

Figure 9.39 is only one of several approaches. Pamphlet 9 gives the advantages and 
disadvantages of several alternatives. All this is beyond the scope of this book, but the 
bayonet unit shown here strikes a good balance. One of the disadvantages listed is its 
relatively complex construction, but these units are available as high-quality engineered 
and fabricated units. The vertical exchanger, unless flooded, provides some superheat. 
While the amount of superheat is variable, the unit can be designed to meet some minimum 
specification. Often, there are process reasons that favor superheated vapor. Also, long 
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or uninsulated lines exposed to low temperature may need superheat in the gas to prevent 
condensation. In other cases, control elements are subject to freezing. A certain amount 
of superheat results simply from lowering the pressure of the chlorine after vaporization. 
This is limited by the danger of surging in the vaporizer when the pressure drop is too great. 

Other methods for producing superheat include extending the tubes in the vaporizer 
and installing a separate heater. The former is compact and cheap but is technically 
inferior. The extended portion of the tubes must remain above the liquid level in the 
vaporizer in order to transfer sensible heat to the chlorine gas. This approach limits 
the achievable superheat, adds to the unproductive volume in the vaporizer, and makes 
control of the process more difficult. Control deteriorates because the low heat capacity 
of the gas means that a change in its temperature can represent a very small fraction of 
the total heat load. 

When a vaporizer operates without control of the flow of steam or chlorine, the 
degree of superheat will be inversely related to the operating rate. In many cases, this is 
acceptable. When a higher level of superheat or good control of the gas temperature is 
necessary, external superheaters have the advantage. These allow separate and direct con¬ 
trol of the temperature of the gas leaving the superheater. Kettle-type boilers, unlike the 
vertical exchangers considered here, do not provide superheat, and the second exchanger 
becomes a necessity rather than an option. This usually is mounted as a vertical unit on 
the outlet flange of the vaporizer. 

Carbon steel is the standard material of construction for vaporizers. A grade appro¬ 
priate to the design pressure and temperature must be used. Full-penetration welding is 
preferred, with all chlorine-side joints 100% radiographed. Post-weld heat treatment is 
necessary, and Pamphlet 9 recommends a corrosion allowance of at least 1 /8" (3.2 mm). 

A vaporizer is best kept close to the source of liquid chlorine. This keeps the feed 
line short and simple and reduces the liquid inventory in the system. The area chosen 
should be separate and clearly defined, with good access for emergency crews and a 
means of isolating the system from the rest of the plant. Siting should also minimize 
the probability of damage from fires and explosions in other units and from vehicles. 
Vehicular barriers are appropriate when the unit is close to a plant road. 

High and low operating temperatures both are hazardous. In order to limit corrosion 
rates and reduce the probability of combustive reaction of chlorine and iron, 120®C is a 
recommended (P9) design temperature. Sub-zero temperatures, on the other hand, can 
freeze steam condensate or the water used to heat the chlorine. Chlorine boils at 0°C 
at 268 kPa; maintaining the pressure above this level prevents freezing due to boiling 
chlorine. Designers should also consider the possibility of atmospheric boiling of chlor¬ 
ine when pressure is released. As with chlorine storage equipment, this requires a design 
temperature of about —40°C and the use of low-temperature steels. 

One of the hazards encountered in the operation of a vaporizer is the possible 
accumulation of nitrogen trichloride in the liquid phase. The hazards of nitrogen tri¬ 
chloride in general and the particular hazards associated with vaporizers are discussed 
in Section 9.1.11.2. 

9.7.9. Handling of Liquefaction Tail Gas 

The chlorine remaining in liquefaction tail gas is an intolerable emission. If recovered, it 
can be a useful economic asset, especially in the larger plants, and many processes have 
been considered or used for its recovery [77]. There are other sources of dilute chlorine 
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in most plants. These include: 

1 . vent gas from product loading 

2 . heels in returned tank cars and trucks 

3. residual chlorine from chlorination reactions 

4. air used to dechlorinate spent sulfuric acid 

5. air used as a gas pad to transfer liquid chlorine 

6 . gas from evacuation of equipment and pipelines 

Some smaller plants do not find it worthwhile to recover small quantities, and even 
in large plants it is necessary to provide a backup to any recovery process. The ultimate 
receptacle for residual chlorine then becomes a scrubber that removes it from the gas and 
converts it to the more easily handled hypochlorite. Section 9.1.10.3 discusses chlorine 
vent scrubbers. 

The other options include enhanced recovery of elemental chlorine and its conver¬ 
sion to another product. We might include, under enhanced recovery, the addition of 
higher-severity stages to a liquefaction plant. While this is more correctly a reduction in 
the amount of chlorine present in the tail gas rather than its recovery, it is a viable retrofit 
technique and one that has been used to replace some of the older recovery plants. A unit 
quantity of refrigeration becomes more expensive, hydrate accumulation may be more 
troublesome, and some of the problems of deep liquefaction are exacerbated. These are 
the normal effects of extending the process, and they add nothing new to the technical 
discussion on liquefaction. 

One technique for addition of a stage to handle relatively small amounts of gas is 
to compress it to a higher pressure and return it to a separate tube bundle in a liquefier 
that otherwise operates at lower pressure. Another option not yet in known commercial 
practice but which may appear in the future is to concentrate the chlorine by using gas- 
separation membranes [78]. The richer gas would return to a liquefier for additional 
recovery. This is discussed in Section 17.4.2. 

Another technique is an absorption/stripping process in which the chlorine is 
absorbed in a solvent at high pressure and then recovered from solution by stripping 
at higher temperature and lower pressure. This is the subject of Section 9.1.9.1. 

Several different products can be made by the reaction of chlorine in the tail 
gas. These include HCl (Section 9.1.9.2), bleach (Section 9.1.9.3), and ferric chlor¬ 
ide (Section 9.1.9.4). The discussion ends with brief descriptions of other processes that 
have been used or considered (Section 9.1.9.5). 


9.7.9.7. Absorption in Carbon Tetrachloride. Any liquid capable of dissolving chlorine 
could be used in an absorption/stripping process for its recovery. The ideal solvent would 
be one with reasonable physical properties so that it is easy to handle, of not too high 
a volatility, and with good solubility for chlorine without forming a highly corrosive 
solution or undergoing a chemical reaction that would make desorption difficult. Carbon 
tetrachloride was in many ways the best choice for the application. 

Figure 9.40 outlines the process licensed by ELTECH Systems. Compressed gas at 
about 7 bar is cooled first with water and then with a refrigerant to — 10 or — 1 S'^C. When 
this process follows a low-severity liquefaction system, this step alone can recover much 
of the chlorine. After removal of the liquid, the gas then passes up through an absorption 
column against cold CCI 4 . The noncondensable gases leave the absorption system under 
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FIGURE 9.40. Recovery of chlorine from tail gas by absorption. 


pressure control through the top of the column. Removal of the chlorine enriches the 
hydrogen in the gas, and usually this effect must be offset by adding dilution air. 

The solution of chlorine in CCI 4 , now at a positive temperature, flows by its own 
pressure to a stripping column operating at 3~4 bar. A thermosiphon reboiler maintains 
the bottoms at about 130-135'^C. The chlorine gas released in the stripper is scrubbed 
in the top section with liquid chlorine to remove traces of impurities and is then ready 
for use or recompression and another pass through liquefaction. The stripped solvent 
recycles to the absorber. The bottoms stream from the absorber and the stripper can be 
interchanged for heat economy. The lower part of the stripper and the tubes of its reboiler 
are Monel or Monel-clad. The rest of the absorber/stripper set is carbon steel. 

The inert gases from the absorber are saturated with CCI 4 , which must be removed 
before they can be released. The standard technique for this is the use of regenerable 
activated carbon beds. Passing the gases through a bed in the adsorption mode removes 
the CCI 4 , and the adsorbed material is recovered by steaming out a bed in the recovery 
mode. This was a troublesome operation. 

Approximate chemical and utility consumption in the recovery of a ton of chlorine 
was 12.5 kg CCI 4 , 600 kg steam (1,135 kPa(g)), 187 kWhr, and 67 m^ cooling water. 

Several plants used this process to recover chlorine. In the Montreal Protocol of 
1987, CCI 4 was listed as one of the substances whose use was to be phased out. No other 
solvent could be effectively substituted in existing equipment. Some of these recovery 
units have now been replaced by enhanced liquefaction systems, whose last stages operate 
at lower temperature and higher pressure than their first stages. 


9.1.9.2. Production of Hydrochloric Acid. The production of HCl is an attractive option 
for many chlorine plants. It is a product useful to many chlorine customers and so 
can be a profitable part of the supplier’s business. HCl can represent an upgrading 
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of hydrogen from fuel value and of chlorine from a depleted gas that has undergone 
partial liquefaction. Finally, HCl is a necessary part of many brine-treatment processes 
(Sections 7.5.5,7.5.6), and there is a guaranteed internal use for a certain amount of acid. 
If the demand for HCl is sufficient and reliable, more chlorine than would normally be 
present in the tail gas can be consumed, and then the severity of the liquefaction process 
can be reduced. 

The chemistry of HCl synthesis is simple: 


H2 + CI 2 2HC1 

The reaction is rapid and highly exothermic, producing about 22kcal mol“^ HCl. The 
autoignition temperature is 300°C or higher, and the flame speed is about 4 m s“^ [79]. 
System design must therefore include an ignition system for startups and protection 
against “backfiring.” Many plants have operated with manual ignition, but modem 
designs include automatic ignition and sophisticated burner monitoring and control. 
Packed flame/explosion arresters prevent the propagation of flames beyond the limits of 
the synthesis system. 

Figure 9.41 shows the essentials of the process. Hydrogen and chlorine enter the 
burner separately. In most cases in the chlor-alkali industry, chlorine is the wild stream 
and the flow of hydrogen is controlled to give the desired ratio. The chlorine flow may 
be variable, as from the end of a process. When HCl production volume is large or 



FIGURE 9,41. Hydrogen chloride synthesis process. 
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FIGURE 9.42. Heat effects in HCl absorption. 

comprises a major part of plant output, chlorine may be withdrawn from a liquid supply 
through a vaporizer. 

The synthesis unit in the flowsheet shows the upward flow of the gases. Com¬ 
mercial designs include both upflow and downflow. In the example shown, the gas 
leaves the first chamber at perhaps lOOO'^C and goes to a cocurrent-flow absorber/cooler. 
Absorption of the HCl into water releases another 12-15 kcal gmoP' in addition to the 
heat of reaction. Figure 9.42 indirectly shows the heat of absorption of HCl. The plot 
shows the heat of dilution of HCl solution at various concentrations. The difference 
between the heat of absorption at infinite dilution (17.88 kcal mol”^ HCl) and the value 
given by the curve is the heat of absorption of HCl gas into acid solution. When tail 
gas is used, the oxygen present also combines with hydrogen, producing yet another 
58-68 kcal gmol“^02, depending on the amount of water of combustion condensed in 
the process. Process and equipment design must consider the heat load, the high flame 
temperature (>2,000°C), the corrosivity of the product, and the possibility of hydrogen- 
chlorine explosion (Section 9.1.11.1). The key to successful reactor design is the proper 
choice of materials of construction and the removal of heat as the reaction proceeds. 
Figure 9.41 assumes an efficient reactor design in which the combustion gases from a 
silica burner enter an absorption section. In the latter, an aqueous falling film of water 
absorbs the gas, and cooling water removes the heat. A suitable material of construction, 
combining corrosion resistance with high thermal conductivity, is impregnated carbon. 
In some designs, this is supplied as blocks that allow modular assembly of the synthesis 
unit. The blocks contain two sets of channels: radial passages for cooling water and 
shaped axial passages for the gas and absorbent. The cooling water from a block collects 
in a chamber at the inner or outer periphery and then passes through the next block in 
the opposite direction. External tie rods hold the stack of blocks together. Any type of 
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construction may be jacketed with steel to provide pressure resistance and protect against 
external impact. 

Especially with the use of tail gas containing inert gases, not all the HCl may be 
absorbed in the synthesis/absorption column. After separation of the concentrated acid 
at the bottom of the column, the gas goes to a packed scrubber, the tails tower, where 
the absorbing water enters the process. The quality of this water must suit the specified 
purity of the product acid. The scrubber is elevated, and the dilute solution formed 
there overflows into the synthesis unit, where it acts as an absorbent. The liquid product 
emerges at the storage temperature; the rate of flow of process water into the system has 
fixed its strength. 

For added security, vents from the tails tower and the product storage tank can 
be scrubbed with a caustic liquor. The acid solution itself will contain a small amount 
of dissolved chlorine. In most plant applications, as for example in the acidification of 
depleted brine, this is not a problem. Other uses, such as the regeneration of the brine 
softening resin in a membrane-cell plant, may require that this chlorine be removed. 
Adsorption on activated carbon is probably the simplest technique for this small-scale 
process, which is similar to that described in Section 7.5.9.3B. 

In the standard HCl synthesis process, the flow rates of both streams are controlled. 
In tail gas recovery, the chlorine gas flow is usually not controlled. The tail gas flow is 
then metered, and the hydrogen is controlled to give the desired ratio. Operation with an 
excess (5-7%) of hydrogen ensures the complete reaction of chlorine. Depending on the 
source of chlorine, this may be enough to make the vent hazardous. In principle, either 
hydrogen or chlorine may be used in excess in order to ensure nearly complete reaction 
of the other component and to maintain reaction velocity. In practice, one would select 
as the excess reactant the less valuable material, the one less soluble in the product acid, 
the one less corrosive to the vent system, or the one less hazardous when released to the 
atmosphere. On each count, hydrogen would be favored. Since the hydrogen demand 
depends on the composition as well as the flow rate of the tail gas, the controls must 
compensate for any variation in the former. This can be done by maintaining an excess 
that is safe under reasonable circumstances or by adjusting for tail gas composition. 

FRP is widely used for storage of HCl solutions. Hand layup and filament winding 
are suitable if the winding is not relied upon for corrosion resistance. The chopped 
strand usually is electrical borosilicate glass. FRP is also used as a wrapping for PVC 
or polypropylene. Large tanks are more likely to be rubber-lined steel. In their case, 
internal design should be simple and welds smooth. Some formulations require a steam 
cure, and this should be considered in setting the design temperature of the tank. In small 
tanks (<60 m^), crosslinked high-density polyethylene with heavy wall thickness is also 
serviceable. 

Tanks are usually vertical, filled from the top, and vented at the highest point. The 
vent should be sized with care, especially in a receiving plant that uses compressed air 
unloading. The rush of air from a delivery vehicle that has just gone empty has been 
known to damage or destroy tanks (Section 16.3). 

HCl storage should be separated from that of incompatible or reactive materials. 
Some form of spill containment is essential. This may be a double-walled tank, a sump, 
a dike, or a diversion basin. The volume provided for external containment should allow 
for dilution of the acid to reduce fuming. 
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The construction materials used for vessels are also suitable for pumps. Sealing 
is important, with double mechanical seals or the use of sealless pumps with magnetic 
drives preferred. Personnel-protection shields are appropriate, and the location of a pump 
should allow easy access for maintenance while minimizing the probability of exposure 
of personnel to any leaks. The pump should be protected against running while dry or 
against a closed discharge. 

Lined steel piping is stronger and more rigid than the alternatives. It is therefore 
less susceptible to mechanical damage. The most frequently used linings are PP, TFE 
polymers, and PVDF. Problems associated with lined pipe are the precise requirements 
for spool length and the permeability of the linings. Each spool and fitting must have a 
full-length vent channel with a weephole at its flange. 

Other plastics used in solid piping for HCl are PVC, CPVC, PVDF, and PFA. FRP 
piping, usually of vinyl ester resin, also is frequently used. These materials are light 
and easy to install, and they have excellent resistance to external corrosion. They are 
also structurally the least rigid candidates and the most subject to mechanical damage. 
Piping runs also require extensive support. Because of the possibility of catastrophic 
failure, some operators prohibit the use of unreinforced solid thermoplastic pipe in HCl 
service. It therefore appears most often in small sections and in applications not requiring 
structural strength (e.g., vents). The weakness of this piping can be overcome at least to 
some extent by wrapping it with FRP. 

Ball valves provide tight shut-off and minimum frictional resistance to flow when 
fully open. Steel-bodied valves are usually lined with PFA. Composite-body valves are 
used in FRP systems and are much lighter and easier to support. Plug valves also appear in 
HCl service. They offer few technical advantages over ball valves but often are cheaper. 
They require more torque in their operation, but this is not usually a major factor in the 
sizes found in a chlor-alkali plant. 

Butterfly valves offer low differential pressure and easy throttling. Typical con¬ 
struction uses ductile iron bodies with PTFE or PFA lining. Discs are coated with the 
same material as are the bodies. Spacers may be necessary to allow discs to turn without 
obstruction; polypropylene is the usual choice of material. 

The process can with modification also produce anhydrous HCl gas. Aqueous acid 
is produced as described above, in high concentration. The impurities in the gases pass 
through to the system vent. A pressurized stripper produces the anhydrous product, 
cooled to about —5°C at 150-350 kPa(g). The product is not bone-dry and is intended 
for use without further cooling or compression. The stripper bottoms stream is close 
to the azeotropic composition of about 20% HCl. After cooling, this is recycled to the 
aqueous HCl plant as an absorbent. 

9.1.93. Production of Bleach. Production of bleaching compounds is one of the oldest 
applications of chlorine. These compounds include bleaching powder and sodium and 
calcium hypochlorites. In this section, we concentrate on sodium hypochlorite bleach. 
The active agent is NaOCl, in which the chlorine has a valence of +1. In reacting with 
a reduced species Red, it contributes oxygen to give the oxidized form Ox, with the 
chlorine reverting to the negative chloride ion: 


OCl “h Red —> Cl “h Ox 


(77) 
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Production of NaOCl is by the hydrolysis of chlorine in caustic soda solution. The 
reaction can be written 


CI 2 + 2NaOH ^ NaOCl + NaCl + H 2 O (78) 


This is a natural application for liquefaction tail gas and other lean or intermittent chlorine 
vents. A bleach plant is a convenient receptacle for these streams, and so the topic is 
considered in this chapter. In other cases, bleach is the main product of an operation 
and is produced from commercial chlorine and caustic soda. A full discussion of these 
operations is in Section 15.3.2. 

The reaction is quite exothermic, producing 1,463 kJkg“^ of chlorine gas. The 
in-process dilution of 50% NaOH to control the concentration of the product bleach can 
add 280-290 kJ kg“^ to this number. Some reaction systems can operate with a liquid 
chlorine feed. Depending on the temperature of the liquid, this reduces the heat evolution 
by about 140 kJ kg” ^. 

Prevention of hot spots and efficient removal of the heat of reaction are very 
important because of the thermal instability of hypochlorites. The continuing reaction 
of hypochlorite to form unwanted byproducts is part of the discussion of emergency 
vent scrubbers (Section 9.1.10.3A), where it is more of an issue. Here, we note that the 
production of high-quality bleach depends on a consistent supply of chlorine in the tail 
gas and on adequate temperature control. The absorbing solution is therefore circulated 
by titanium centrifugal pumps around the reactor(s) through titanium coolers, usually 
of the plate-and-frame type. The recirculation of liquor in itself provides turbulence in 
the reaction zone, and the volume of circulation determines the maximum temperature 
possible in the reactor. A gas feed or the vaporization of a liquid chlorine supply may 
also be used to promote turbulence. 

The limits placed on the bleach temperature usually relate to the concentration 
of the product. A 6% solution of NaOCl, for example, might be limited to 30^C 
and a 15% solution to 20°C. Final cooling therefore is usually with chilled water. 
This may occur after removal from the reactor, where the retention time is short 
and standard cooling water may be used for temperature control. When packed- 
bed reactors are used, vent fans can help to overcome the gas-side pressure drop in 
the packing. These usually are of lined carbon steel. Epoxy linings are a frequent 
choice. 

The percentage conversion of NaOH in a reactor is usually in the high 90s. The 
presence of unreacted caustic prevents overchlorination and provides product stability 
and process controllability. There has been a tendency to try to control the process by pH, 
but the best control is by redox potential, with in-line electrodes held in a fluorocarbon 
resin body [80]. 

One approach to bleach production in a chlor-alkali plant is to combine it with the 
emergency vent scrubber function by installing multiple towers in series. The duty of 
the first tower is to scrub chlorine from normal vent flows under controlled conditions. 
The temperature is limited to 30-40°C by cooling a recirculating liquor stream around the 
tower. The flow rate is large enough to prevent excessive increase in liquor temperature 
in the tower. The chlorine flow assumed in setting the liquor recirculation rate is the sum 
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of normal flows and a reasonable maximum of intermittent flows. Typical streams in 
each class include: 


Normal Intermittent 


Tail gas 

Process/tank vents 
Brine dechlorination 
Spent H 2 SO 4 dechlorination 
Dilution air 
End-box ventilation 


Maintenance purges 
Cell rebuilding process 
Cell startup gas 
Packaging/storage vents 
Container evacuation 


Unless liquefaction conditions are mild in order to produce a rich tail gas and a corres¬ 
pondingly greater quantity of bleach, the intermittent streams will probably contribute 
most of the design maximum chlorine load. The operating temperature therefore will 
vary and in the absence of intermittent flows will be lower than the specified maximum. 

Various types of contacting devices used for the absorption of chlorine are discussed 
in Section 9.1.10.3B. Eductors are frequently used with low-pressure chlorine. Emer¬ 
gency vent scrubber columns usually are of lined carbon steel or a PVC/FRP composite. 
Internals may be rubber-coated or CPVC, and packing usually is ceramic, CPVC, or 
PVDF rings. Polypropylene is an alternative. 

Since most other processes for the utilization of tail gas have a scrubber system as 
an emergency backup, a bleach plant can sometimes be installed for little incremental 
capital. Costs then are associated more with storage and shipping systems than with the 
reaction process. 

The objective with batch supply of caustic will be depletion of the recirculating 
liquor to less than 1 % NaOH. Small quantities of chlorine may pass through the first 
tower at maximum load, but these will be removed from the gas in the second tower. 
Under emergency venting conditions, the probability of breakthrough from the first tower 
increases, and the design maximum temperature for normal operation will be exceeded. 
Depending on the size and duration of the emergency vent, the quality of the batch of 
NaOCl will be affected. 


9.1.9,4. Production of Ferric Chloride, The primary use of ferric chloride is in water 
and sewage treatment. It is an effective coagulant for suspended solids, making their 
removal by filtration much easier. The demand for FeCla has increased as waste disposal 
regulations have become stricter. The material has a number of other uses, includ¬ 
ing photoengraving, the treatment of television tubes, and etching of printed circuit 
boards. 

The oxidation of iron usually occurs in two steps. First, ferrous chloride forms by 
the reaction of the metal with hydrochloric acid, and then reaction with chlorine produces 
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ferric chloride. The first reaction is simply 


Fe + 2HC1 FeCl 2 + H 2 


This approach has its own practical problems, including the need to remove entrained 
liquor from the hydrogen and its uneven rate of generation in a semi-batch system. The 
amount of hydrogen generated is not great, but it is stoichiometrically equivalent to 
the HCl consumed. It is possible, at least in concept, to make the process nearly self- 
sufficient in HCl and to operate with only iron and chlorine as the major raw materials. 
This may be an advantage when a stand-alone ferric chloride plant is to be built. Within a 
chlor-alkali complex, the size of the ferric chloride plant and its location (e.g., relative to 
the HCl burner) determine the justification for this approach. Alternatives include using 
the hydrogen as fuel and simply venting it to the atmosphere. 

The source of iron varies and has much to do with the quality of the finished FeCls. 
Sometimes, particles of an iron-containing material are reacted with aqueous HCl in a 
column or a tank. Other plants simply use scrap iron dumped into a tank containing the 
HCl. FeCl 2 also forms incidentally when steel is pickled in HCl. This is probably the 
largest source, the mixed pickle liquor being shipped from steel mills to producers of 
FeCls. The flow diagram of Fig. 9.43, however, assumes that both reaction steps are 
required. 


Standby 

Batch 



FIGURE 9.43. Ferric chloride process. 
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Reaction of iron with 23% HCl gives approximately a 31% solution of FeCl 2 . 
Because of the semi-batch nature of the process, two reaction tanks are preferred. These 
are lined with bricks or rubber. FRP is suitable for storage of the solution, but the tanks 
must be able to withstand the temperature of the solution and the high specific gravity 
of about 1.4. Reaction of the HCl is incomplete, and the standard product may contain 
several percent residual acidity. With special care, this quantity can be reduced. 

The fact that ferrous chloride can be produced from nearly any source of iron, 
including scrap metal, can be of great economic advantage. Lower grade supplies, how¬ 
ever, give lower purity product and ultimately produce more unreacted sludge. This 
sludge must be treated and disposed of, usually under hazardous waste restrictions. 

In the second step of the process, chlorine is absorbed by the FeCla solution and 
reacts to form FeCb: 


2 FeCl2 + CI 2 ^ 2FeCl3 

The reaction is fast [81], and the absorption process benefits from this until the ferrous 
ion concentration is nearly depleted. Usually, chlorine is sparged into a pool of FeCU 
solution. The reaction tank therefore must be vented to a scrubber to prevent the release 
of chlorine to the atmosphere. FRP of the proper grade again is satisfactory, and again 
the specific gravity of the product is quite high (1.4-1.5, depending on concentration). 

With no loss of water in the process, the use of 32% HCl in the first reaction would 
produce a mixture containing more than 50% FeCU, exceeding the room-temperature 
solubility. Commercial solutions usually contain about 39% FeCU, and freezing does 
not begin until the temperature drops below 0°C. In-process dilution would allow control 
of this concentration, but it seems to be standard practice instead to use a more dilute 
acid (about 23% HCl). 


9.7.9.5. Other Processes. Silver’s discussion of tail-gas recovery systems [77] covered a 
number of other processes. Those included here are whole-stream absorption of chlorine 
from cell gas, absorption of chlorine from tail gas by cold water, and adsorption. As 
always when hydrogen is present in the gas, protective measures are necessary when the 
removal of chlorine can produce a hazardous mixture. 

In principle, a solvent can be used on the whole chlorine gas stream as well as on 
the tail gas. This can replace a conventional liquefaction system. Its advantage is that it 
makes possible more complete recovery than can be achieved in a liquefaction system 
at the same pressure and a reasonably economic temperature. It is not a process for the 
recovery of the chlorine value of tail gas and in that sense does not belong in this section. 
However, the motivation for use of this process would largely be the practical elimination 
of a tail-gas problem. 

The process is much the same as that described in Section 9.1.9.1 but is on a much 
larger scale. After absorption of 99.8% of the chlorine, the remaining gas, boosted by an 
ejector if necessary, is scrubbed with caustic before venting. The chlorine is recovered 
from the solvent by steam stripping and condensation against cooling water. The stripped 
solvent, after cooling, returns to the absorber. The process also requires some means to 
prevent the loss of solvent and keep it out of the product chlorine. 
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Water is an inefficient solvent for chlorine (Section 7.5.9.1), but there are potential 
flowsheet efficiencies in some plants. A plant that uses direct-contact cooling in the 
main chlorine train can also absorb chlorine from the tail gas in cold water. The solution 
produced in this step may be used in the cooling process; in any event the absorbed 
chlorine is released in the steam stripper that handles the water from the cooling system. 
The recovered chlorine then has another pass through the recovery system, while the 
inert gases are vented from the tail gas absorber. 

Adsorption is a frequent choice for the removal of one constituent from a gas 
mixture. The use of silica gel on tail gas results in recovery of about 90% of the chlorine 
as concentrated gas. Adsorption takes place under pressure and removal of the adsorbed 
chlorine takes place under vacuum. 


9,1,10. Safety Devices 

9.1,10.1. Low-Pressure Seals. The electrolysis of salt is nearly unaffected by the oper¬ 
ating pressure. The generation of chlorine gas therefore stops only when the current to 
the cells is cut off. If the forward flow of chlorine is impeded for any reason, the pressure 
in the gas-processing system will rise rapidly at a rate proportional to the cell current. 

Stopping electrolysis for every small upset elsewhere in the process is clearly 
undesirable. In order to provide a degree of redundancy to automatic shutdown devices, 
then, normal practice is to provide relief in the form of a water seal that allows the cell 
gas to vent at a rate equal to its production. The chlorine in this vent must not be allowed 
to enter the atmosphere. Its confinement is the subject of Section 9.1.10.3. 

The water seal is installed somewhere on the low-pressure side of the chlorine 
process, usually between the cell room and the cooling process of Fig. 9.12. It is in 
communication with the process by a branch on the main chlorine header, as indicated 
by Fig. 9.44. The branch line terminates inside the seal vessel, slightly below the surface 
of a pool of water. When the pressure in the gas line exceeds the difference between the 
water level and the bottom of the branch line, the seal breaks and gas escapes. A source 
of brine can be used in place of water; consideration of the difference in density then is 
necessary when setting the height of the seal. 

The gas cools as it passes through the main header. Under normal conditions, 
therefore, condensate forms. If the seal connection is at the bottom of the header, there 
will be a continuous small flow of water into the seal pot and out of the overflow line, 
and the seal will automatically be kept intact. For a more positive indication that the seal 
is being maintained, however, the usual practice is to add a flow of water into the seal 
pot. This allows a failure signal if flow stops and also helps to replenish the seal after a 
release of gas. 

For smooth operation and in order to minimize velocity head losses, the end of 
the vent pipe must be level. Again to provide smooth flow, it is frequently notched or 
serrated. 

A final consideration is the tendency of the water displaced by a gas release to fall 
back into the annulus created by the gas flow. This can cause pulsations, particularly when 
the vessel is large or the seal depth is more than a few centimeters. This phenomenon 
can be avoided by limiting the amount of water in the seal and allowing it to be blown 
away from proximity with the branch pipe when a release occurs. A central pan whose 



896 


CHAPTER 9 




diameter is not too much larger than that of the seal pipe, but large enough not to impede 
gas flow, can be supported within the vessel to accomplish this. The diameter of the pan 
should be small enough to allow the water to spill over when the seal blows but not so 
small that the annulus chokes the flow of gas. 

Figure 9.45 incorporates all the desirable features listed above. The net accumula¬ 
tion of water overflows from a submerged outlet through a seal leg. With the arrangement 
shown, it is also possible to pump the water away under level control. If the central pan 
idea is not adopted, the overflow seal leg is positioned to maintain the proper seal depth 
automatically. 

The fluid used to ensure that the seal is maintained can be from a service water 
connection or a pumped stream of condensate or brine from elsewhere in the process. In 
any case, the overflow from the seal pot should be treated as a chlorine-bearing liquid 
and dealt with appropriately. Hazard analyses sometimes reveal careless handling of this 
stream [76]. 

The seal pot vessel and its components must be chlorine-resistant. Rubber-lined 
and FRP construction are the most common. The vessel must be able to withstand the 
small pressure and vacuum which may exist in the process. Since it is connected to the 
chlorine header, thermal expansion and contraction of the pipe must be considered in 
placement and support of the seal vessel. 
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Seal pots are also used to protect systems against vacuum. The same principle of 
operation applies, but practical considerations are somewhat different. This is especially 
important when the same apparatus is intended as a seal against both pressure and 
vacuum. Figure 9.46 shows the simplest arrangement, which we shall first consider as a 
pressure seal. 
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The seal pipe extends into the vessel from the chlorine header. Water flows into the 
vessel by condensation in the header and by deliberate addition from an outside source. 
The height of an overflow pipe, which may be fixed or variable, determines the level of 
water in the vessel. The difference in elevation between the overflow and the bottom of 
the seal leg is labeled h. 

To analyze the operation of this seal, we distinguish between fast and slow rises 
in pressure. As pressure increases, water is forced out of the seal pipe and into the 
annulus. If the rise in pressure is slow enough, an equal volume of water leaves through 
the overflow pipe and the level in the pot is unchanged. The seal blows at a differential 
pressure equal to /z. If pressure rises quickly, we may postulate a situation where water is 
displaced from the seal pipe without enough time to flow out of the vessel. The volume 
of water originally present in the seal pipe is 

Vp = Ttdfh/A (79) 

where d\ is the inside diameter of the seal pipe. 

The area of the annulus is 


Aa = 7r(£)2-4)/4 (80) 

where D is the inside diameter of the vessel and do is the outside diameter of the seal pipe. 
The level in the annulus increases by the ratio of the previous two expressions: 

^h ^ d\hl (p^ - 4 ) ( 81 ) 

If the wall thickness of the seal pipe can be ignored, we can call its diameter d and write 

Ahlh=d^liD^ -d^) (82) 

If the diameter of the seal pot vessel is twice the diameter of the pipe, the maximum 
increase in relief pressure is only one third of the set pressure. Larger vessel diameters 
reduce this even more. 

Now we consider the same arrangement as a vacuum seal. Reversing the above 
procedure, we consider first the sudden imposition of a vacuum. The volume of water 
contained in the annulus at height h now must be moved into the seal pipe. With the 
same considerations, we have 


Ah = - dl^ h/d\ (83) 

or with an infinitely thin seal pipe 

Ahlh = [p^-d^'^ jd^ (84) 

With the same 2:1 ratio in diameters, the. height of the seal at relief is four times the 
original setting, and pulsation is likely. Larger vessel diameters aggravate the situation. 
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Next we consider the slow buildup of vacuum. As water is pulled into the seal pipe 
from the annulus, there is time for it to be replaced. The overflow level stays the same, 
and the seal is maintained. The only limitation on the vacuum is the height of the chlorine 
header. 

With the simple design we discuss here, it is difficult to have an effective two-way 
seal. More elaborate designs exist and are used, but more often a separate seal pot is 
provided for vacuum relief. 


9J.10.2. Mechanical Relief Devices. The water seals discussed above in Section 
9.1.10.1 are effective only at very low differential pressures. After the compression 
of chlorine, and particularly in liquefaction and storage systems, more conventional 
relief devices, rupture discs and pressure relief valves, are used. With some fluids, there 
is a simple choice to be made between discs and valves. While the former are less likely 
to permit bypassing of small quantities of fluid, they are destroyed when they open. A 
release will continue even after the pressure on the system drops below the set point of 
the disc. Relief valves have the opposite characteristics. 

Corrosive fluids are less likely candidates for the use of pressure relief valves. 
Whether by corrosion of the valve itself or of surrounding pipework, they often create 
a problem with deposits on the valve element or its seat. These deposits can prevent 
proper sealing and allow the slow escape of fluid. To combine the advantages of rupture 
discs and relief valves, the two devices can be installed in series, with the disc before the 
valve. Even if the valve is not precisely seated, there is no release from the system until 
the disc bursts. The same overpressure then also opens the valve. Once the pressure has 
dissipated and dropped below its set point, the valve reseats and prevents further release. 

These composite relief devices introduce a hazard that must be catered for. A small 
leak, as through a pinhole in the disc, can raise the pressure between the disc and the 
valve to the normal operating level of the equipment being protected. The disc then will 
not rupture until the process pressure exceeds the pressure between the disc and the 
valve, not the atmospheric pressure, by an amount equal to the set point of the disc. This 
could result in catastrophic failure. Any gas that accumulates in the space between the 
two safety elements must be removed to prevent this. 

Some devices combine the functions of disc and valve. One, the Crosby Valve 
Company’s Style JQ pressure relief valve, was designed in collaboration with the Chlor¬ 
ine Institute for transportation service (Section 9.1.8.6). It has been adapted for service 
on pressure vessels and is widely used in North America in both types of application. 
The device (P39 and P41) comprises a standard spring-loaded valve and a breaking-pin 
assembly. The internals are protected from the chlorine by an antimony-lead diaphragm 
held in place by a follower in the mounting nut. The pressure on the diaphragm is trans¬ 
mitted by its supports to the yoke and so to the breaking pin. A typical transportation 
application would be a 40-mm NB valve on a tank car. There is one other standard 
size, 100-mm NB, suitable for barge tanks. There is also a modification to the design 
that allows the use of standard 300-lb flanges. Other modifications make the valve suit¬ 
able for use with a closed exhaust system. The 40-mm version basically is designed 
to withstand about 3,100kPa. The larger model is suitable up to 2,400 kPa. All these 
modifications affect the maximum pressure setting and the relieving capacity of the 
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valves. Breaking pin settings also can vary, and the user must evaluate the capacity of 
the particular combination used in each application from published data [82]. 

The diaphragm is not a pressure-protective device; the breaking pin serves that 
function. The process-side diaphragm and another one mounted at the top of the valve 
are there to prevent corrosion by exposure to process gas or the atmosphere. When the 
set pressure is exceeded, the pin breaks and the valve opens. The upper diaphragm then 
breaks, and chlorine escapes. When the pressure returns to a safe value, the valve closes 
and then functions as a standard spring-loaded relief valve until the breaking pin and 
diaphragms can be replaced. 

Euro Chlor makes recommendations for chlorine relief valves (GEST 76/64) but 
does not rely on a standard design. These recommendations call for spring-loaded valves, 
specifically designed and constructed to resist all the static and dynamic forces to which 
they can be exposed. Valves must be gas-tight in the closed position at the normal 
operating pressure of the system under protection. A related recommendation is the 
use of an upstream bursting disc, designed not to interfere with the valve by material 
from a failed disc. The valve body, and in a general fashion all components subject 
to static or dynamic stress, should be of materials compatible with anhydrous chlorine 
and possessing adequate mechanical properties. When the protected equipment contains 
liquid chlorine, the materials of construction also should have adequate impact resistance 
at low temperature. The use of an upstream rupture disc protects the valve against 
deterioration due to corrosion. The valve should also be protected against the return of 
moisture from the vent system. A downstream protective diaphragm can achieve this, or 
the vent line can be purged with an inert dry gas. 

Instrument engineers usually look after the sizing of relief devices, and this is a 
subject treated in detail in various textbooks and handbooks. The methods used for sizing 
often depend on national or local codes. Before choosing a size, the responsible engineer 
must determine the design rate of flow and the flow regime during relief. The Design 
Institute for Emergency Relief Systems (DIERS), among others, provides useful methods 
for these calculations. The design rate of flow in turn is chosen after consideration of the 
various scenarios that can lead to overpressure. In many cases, the design rate would be 
that occurring during a fire. Past practice often assumed that a fire was possible in all cases 
and sometimes resulted in designs that were well oversized for other relief situations. 
With the trend toward designing containment systems for chlorine releases, this can be 
counterproductive. The modem trend is to consider whether fire is a likely occurrence 
and to exclude it from consideration when that is justified. Euro Chlor takes the position 
that all tanks or systems designed to store liquid chlorine should be installed so that the 
intensive input of heat from any external source of radiation is avoided. GEST 76/64 
then specifically recommends excluding fire as a consideration when the chlorine storage 
system is properly sited. 

Relief devices are often installed in parallel. This arrangement allows one device to 
be tested or maintained while the other guards the process. Isolating valves are required 
for this purpose, but the designer must ensure that never are they both closed. This can be 
done mechanically, by linking the valve mechanisms, or administratively. The latter tech¬ 
nique usually involves sealing the valves open or locking them open by removing their 
handles. Maintenance is possible when an isolating valve is closed after unlocking it; the 
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administrative controls must ensure that it is returned to the safe state after maintenance 
is finished. Three-way valves allow selection of either of two branches but are used 
infrequently in the chlor-alkali industry. 

There must be a piping system to carry the gas relieved by opening a device to 
its destination. Chlorine should not under ordinary circumstances be released to the 
atmosphere. Two approaches are in connnon use. One involves direct relief to an 
absorption system; the other places an expansion tank between the source of gas and 
the absorber (GEST 87/133). The discussion of emergency vent scrubbing systems in 
Section 9.1.10.3C includes some of the considerations that apply to vent collection 
systems. 


9.1.10.3. Vent Scrubbers 

9.1.10.3 A. Chemistry. Significant releases of chlorine from the process into the atmo¬ 
sphere must be prevented. To contain the inevitable discharges during upsets and 
equipment breakdowns, it is customary to provide an emergency vent scrubber. Its 
function is to destroy the chlorine before it reaches the atmosphere. Usually, the 
chlorine is exposed to an alkaline solution that converts it to a mixture of chloride 
and hypochlorite. Scrubbing solutions include diluted NaOH, diaphragm-cell liquor, 
caustic purification waste liquor, lime, carbonate, and alkaline hypochlorite-reducing 
agents. The use of cell liquor and purification waste is restricted to diaphragm-cell 
plants. The NaOH concentration of purification waste also is too low for it to be 
used without blending. Lime, carbonate, and reducing agents tend to be used more 
by smaller scale chlorine users than by producers, and generally in small systems. 
Lime may be used because of its price and availability. Carbonate is sometimes 
recommended for static applications to scrub a fixed quantity of chlorine, as for 
example cylinder lots. It has the disadvantage of CO 2 evolution. Reducing agents 
are much more expensive than the other scrubbing agents, but they can produce an 
effluent liquor free of active chlorine. Most often, the scrubbing solution is sodium 
hydroxide. Section 7.5.2.2A discusses possible sources. The fundamental chemical 
reaction is 


CI 2 + 2NaOH NaCl -h NaOCl -h H 2 O (85) 


This has an exothermic heat of reaction of 1,463 kJ kg“' of chlorine gas. 

Conservative design also assumes that all the water in the gas condenses in the 
scrubber. 

Section 9.1.9.3, on the deliberate production of bleach according to reaction (85), 
discusses the physical chemistry of the process and the need for careful control of the 
reaction conditions. In an emergency situation, good control of the temperature in the 
reaction zone may be absent, and side reactions are likely. One of these is the reaction 
of hypochlorite to chloride and chlorate: 


3NaOCl ^ 2NaCl + NaClOs 
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Another is the decomposition of hypochlorite to chloride and oxygen: 

2 Na0Cl-^2NaCl-h02 

High temperature and the presence of certain metal ions favor the latter reaction. 
Complete equations including the side reactions are; 

3Cl2 + 6NaOH ^ 5NaCl + NaClOa + 3 H 2 O 
2 CI 2 + 4NaOH ^ 4NaCl + O 2 + 2 H 2 O 

Their heats of reaction are 2,002 and 2,272 kJ kg~^ of chlorine, respectively. 

Because of the side reactions and the need to maintain excess NaOH in most systems, 
the product of an emergency vent scrubber usually is not a saleable product. The effluent 
must be treated in some way before disposal (Sections 16.5.2.3 and 16.5.2.6). 


9.1.10.3B. Apparatus. There are many approaches to scrubber system design and 
configuration. Stitt et al. [83] list some of the variations in design and operating 
philosophy: 

1. caustic solution supply to the scrubber varies from once-through to recycle 
operation; 

2. the mode of addition of fresh caustic varies from continuous to batchwise; 

3. some systems provide a backup reservoir of caustic; some systems do this in 
effect by supplying a large batch of solution; others rely on the continuous or 
controlled makeup of fresh caustic. 

The heart of any system is the absorption unit itself. Most common types of commercial 
equipment can be and have been used in this application. The advantages and disadvant¬ 
ages of the major categories of scrubbing equipment as given by McCollam [84] are 
listed in Table 9.13. 

GEST 76/52, which describes various scrubbing devices, actively discourages 
the use of spray columns because of the danger of bypassing some of the chlorine. 
Otherwise, the summary of advantages and disadvantages is much the same as that in 
Table 9.13. One comment on venturi devices is that they are less prone than some of the 
other types to fouling by precipitates when the solution concentration is high. Sparger 
devices are also considered untrustworthy because of the possibilities of breakthrough of 
chlorine or backflow of NaOH. Opposing this, we should note the use of sparged tanks 
venting into scrubbing columns and the provision of barometric risers in suction lines 
which prevent backflow into the chlorine process. 

Other points made by Euro Chlor include recommendations for the maximum con¬ 
centrations of the various scrubbing solutions. NaOH should be prepared at a maximum 
strength of 20-22% in order to avoid formation of solid salt as the NaOH is replaced by 
NaCl and NaOCl. When a substantial amount of CO 2 is present or when the scrubber 
operates with a continuous flow of air, the solution should be more dilute. Diaphragm¬ 
cell liquor should be limited to 10% NaOH. In the presence of CO 2 , this should be 
reduced to 6-8%. Milk of lime should contain 130-200 gpl CaO. 
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TABLE 9.13. Comparison of Types of Scrubbing Devices 


Type of contactor 

Advantages 

Disadvantages 

Spray 

Low pressure drop 

Simple design 

Cheapest tower 

Limited staging 

Nozzle plugging 

Performance predicted from test or experience 

Packing 

Large area 

Multistage 

Wide range of gas flows 
Performance predictable 
Intermediate pressure drop 

Plugging possible 

Complete wetting of packing is necessary 
Intermediate pressure drop 

Trays 

Multistage 

Performance predictable 
Intermediate pressure drop 

More expensive tower 

Plugging possible 

Trays must be filled 

Intermediate pressure drop 

Sparger 

Simplest apparatus 

Uses gas pressure 

Passive 

Cheap 

High pressure drop 

Formation of mist 

Limited predictability 

Venturi 

No gas mover required 
Pre-engineered units 

One stage only (per unit) 

Less effective with dilute gas 

Needs testing 


Euro Chlor’s recommended maximum temperature of the scrubbing liquor is 55°C. 
The Chlorine Institute does not make a specific recommendation, but the nearest 
equivalent round temperature of 130°F has been cited in its discussions as good 
practice [80]. 


9.L10.3C. Collection System. Most plants will have a number of relief points con¬ 
nected to a scrubber system. Design of the collection and delivery piping becomes 
important. This differs from the situation in other chemical plants and refineries only 
in being relatively simple. A standard guide in much of the processing industry is API 
Recommended Practice 521. Chlorine plant designers should also draw on local vent 
system codes and regulations. “Regulations” here can include insurance requirements. 
Basic design data for a scrubber include carefully specified compositions and quantities 
for various vents and emergency systems. These specifications should include max¬ 
imum and minimum concentrations, maximum flows, and indication of the presence 
of alkali-consuming components other than chlorine (e.g., HCl and CO 2 ). The gas 
composition both before and after scrubbing must be defined. A very important consid¬ 
eration in the effluent gas is its maximum possible hydrogen content and the need to add 
dilution air. 

The collection system must be closed, with gas-tight connections. To avoid sucking 
the absorbent solution back into the collection system, the designer should consider 
providing a liquid seal, A simple technique for pressurized lines is to provide a barometric 
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riser on the scrubber inlet line. This line and the sparger should be designed with due 
regard to the time required to empty the leg of liquid and allow the passage of gas to 
begin and to the possibility of developing a dangerous backpressure in the vent line. 

Exclusion of water from the dry-gas side of the absorption system is an important 
part of design. This includes protection from entry of moist gases from the scrubber 
itself. A small gas purge can accomplish this. Nitrogen has an advantage over dry air in 
being free of CO 2 , which would slowly deplete the caustic in the scrubber. 

A scrubber may be called on to handle both wet and dry gases. The components and 
zones handling both types of gas must be constructed from material resistant to both wet 
and dry chlorine. This excludes all common metals. Polymeric linings can be used on 
vessels and external pipework. Internal piping of certain fluorinated polymers is adequate 
from the standpoint of corrosion, and it can be used if its support and mechanical design 
are adequate and if there is no problem due to porosity. 

Vent absorbers are designed to receive gas, not liquid. The presence of liquid 
chlorine in a vent stream can disrupt flow in the scrubber, overload the system, and cause 
an early breakthrough. When appropriate, design should therefore include a gas/liquid 
separator to prevent carryover of liquid droplets. The separator should have the capacity to 
trap the maximum amount of liquid likely to be present and should include a temperature 
or level alarm to signify its presence. 

Such events tend to occur in liquid transfer and vaporization operations and are 
therefore particularly likely in users’ plants. A study by Euro Chlor showed that 14% of 
the safety incidents reported involved overloading of chlorine absorption systems [75]. 
Section 9.1.8.4 on liquid transfer describes some of the protective measures that can 
prevent this. 

When the operation of a relief valve can release liquid chlorine or when it is neces¬ 
sary to limit the rate of discharge of chlorine to the receiving system, buffer tanks are 
useful. Those that may be subjected to liquid chlorine should have alarms that signal its 
presence and should be designed for low temperature. There should be provision for safe 
removal of the liquid after operation. Absorber design is also based on the maximum 
flow rate of gas at the inlet. When release rates are variable (the peak rate usually being 
at the start), a buffer in the system can reduce the maximum rate at the absorber. 

An expanse tank is a closed vessel under no pressure or a relatively low pressure. It 
has its own relief system directly to the absorber and is equipped with a pressure alarm 
set low enough to indicate the presence of even a small amount of chlorine. The use of 
an expansion tank provides the buffer mentioned above. It contains some of the chlorine 
released and makes it possible to recover this material, reducing product loss and reactant 
consumption. It also can add to the complexity of accurate design. More than one source 
can be relieving to the expansion tank at a given time. The relief system must be large 
enough to handle all those sources that might relieve simultaneously. Instrumentation 
should be sufficient to identify the source of flow. Design must also include the case 
where the expansion tank is at its relief pressure. The pressure drop available across the 
primary relief set therefore becomes smaller. All components of the relief system must 
be larger on this account, and improper design can cause a system not to relieve when it 
should. 

The increased size of components when an expansion tank is present gives the 
designer some incentive to offset these effects. The use of bursting discs or balanced 
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relief valves is one approach. Another is the more accurate calculation of the buffering 
action of the expansion tank, which itself can tolerate an increase in pressure when relief 
rates are at their highest. 

The final vent from the system should be regarded as a point of possible chlorine 
emission. It should be at a high level and away from personnel traffic and ventilation 
system intakes. Particularly when the low-pressure scrubbing device is a packed bed, 
booster fans may be added on the tail pipe. The piping arrangement around the fans then 
should avoid low points that could collect liquid. As with any vent manifold, the designer 
of a system serving several different units should take precautions to avoid mixtures in 
headers that may lead to undesirable side reactions. 


9.L10.3D. Administrative Controls. Most of the time, very little happens in an emer¬ 
gency scrubber. Occasionally, there will be a small release of chlorine, which is easily 
contained. There may also be small continuous vents and perhaps a slow undetected 
leak. With this variability and the infrequent large release, the rate of consumption of 
the alkaline compound is highly variable. Since scrubbers easily can drop below an 
operator’s attention level, most plants impose administrative controls to keep hazardous 
situations from developing. 

When chlorine is released to a scrubber, a liquid stream containing at least enough 
caustic to neutralize the gas must be available to meet it. It is the product of caustic flow 
rate and concentration that matters. If the flow rate drops too low, or if the concentration 
of the solution is depleted too much, there will be a release of chlorine to the atmosphere. 
As a rule of thumb, if the minimum NaOH strength is taken to be 5%, the required rate 
of flow of scrubbing solution in tons per hour is equal to the production rate of chlorine 
in tons per day [85]. For concentrations other than 5% NaOH, the required flow rate is 
inversely proportional to the minimum strength. 

Many systems rely on a batch of solution being circulated through a scrubber. Patel 
and Scarfe [86] describe one example, shown in Fig. 9.47. The batch must from time to 
time be augmented or at least partly replaced in order to keep the caustic concentration 
above the intended minimum. Minor episodes such as those described above can have a 
cumulative effect on the concentration and allow a premature breakthrough of gas. This 
becomes more likely when the operator is not aware of the state of the solution in the 
scrubber and takes no steps to replenish the caustic inventory. 

It is important to note that a deficiency in either the flow rate or the concentration 
allows chlorine to break through. Analyzing the events that can lead to these failures 
shows that in many cases any one of two or more causes is sufficient to move the system 
closer to a failure [85]. One way to analyze this situation is to construct a “fault tree” 
(see Section 16.4.2.46 for example and explanation). When moving up a fault tree from 
one level to another and so approaching the dangerous event under analysis, events such 
as those above propagate through “OR-gates,” in which probabilities of the events are 
added. When two or more failures must occur simultaneously, events propagate through 
“AND-gates,” in which probabilities are multiplied. The latter is clearly more desirable, 
and the outcome of fault tree analysis often is the recommendation to create AND-gates 
at critical points in the tree. Addition of parallel or redundant instrumentation is one 
frequent approach. Another is the provision of backup columns in series with the main 
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FIGURE 9.47. Example of industrial vent scrubbing system. 


columns. A different sort of technique is the addition of procedural or administrative 
controls which force checking of equipment, operating conditions and procedures, or 
status of conditions (e.g., caustic concentration). 


9.1.10.3E. Mass-Transfer Considerations. The earliest application of the theories of 
mass transfer to gas absorption did not recognize the influence of chemical reaction in 
the liquid phase on mass-transfer coefficients. This influence is explained in the film and 
penetration theories of absorption by showing that the concentration of the absorbate 
is depressed everywhere near the gas-liquid interface by its reaction. The interfacial 
concentration gradient is sharper as a result, and this increases the liquid-phase mass- 
transfer coefficient. 

Studies of the absorption of chlorine in water had much to do with the proper devel¬ 
opment of the theory. When Vivian and Whitney [87] found apparent inconsistencies in 
their data on this system, they were forced to treat the results from the two absorbers 
separately. They resolved the inconsistencies by recognizing that the partial pressure of 
chlorine over a solution depends on the dissolved concentration of molecular chlorine, 
not on the total amount dissolved. The modem theories of absorption with chemical 
reaction all depend on this recognition. A review of these [88] suggests that, in the 
case of chlorine, the liquid phase is controlling and the two-reaction plane model of 
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Hikita et al. [89] is most suitable. This considers the consecutive reactions 

CI 2 + OH“ HOCl + cr 
HOCl + OH“ ^ ocr + H 2 O 

The authors show that when the first reaction is more nearly irreversible than the second 
and both reactions are rapid, the reactions occur at successive planes within the liquid. 
In this case, the first equilibrium constant is in fact greater, by a factor of about 14,000. 
Using this approach changes the mathematics somewhat from the single-plane model of 
Sherwood and Pigford [90]. 

Temperature is an important variable in any mass transfer process, and in an emer¬ 
gency situation the absorption of chlorine will be far from isothermal. With the heats 
of reaction given above, the temperature rise of the typical caustic soda solution in its 
pass through a column against chlorine at its full production rate will be about 30® C. 
Higher temperatures reduce the solubility of chlorine at a given partial pressure and also 
reduce its partial pressure by increasing the vapor pressure of water over the solution. 
Interestingly, if temperatures are kept low, the partial pressure of chlorine actually rises 
as the gas passes through the lower part of the column [91]. This increase is due to the 
condensation of water from the gas, and it enhances the mass-transfer process. If the 
temperature of the circulating caustic is allowed to increase, the chlorine partial pressure 
first will drop in the lower sections of the tower and then rise in the upper sections, which 
still are relatively cool. Ultimately, the chlorine partial pressure will decline through¬ 
out the tower. This smaller driving force combined with the less favorable absorption 
equilibrium produces a severe decline in mass-transfer rates and increases the probability 
of breakthrough. 

Chlorine under pressure can be destroyed by sparging it into a tank containing an 
alkaline solution. The absorption process in this case also is liquid-film controlled [92]. 

Absorption of chlorine from weak gases, as encountered in some evacuation pro¬ 
cesses and during maintenance of piping and equipment, is a quite different process. 
With concentrated gases, resistance in the liquid film controls the rate of absorption. The 
discussion above was in those terms. With weak gases, the gas film can control. Test 
data [93] verify the phenomenon and show that the rate of absorption then is propor¬ 
tional to the concentration of chlorine in the gas. This is true in any of several absorbents 
tested, up to a certain gas concentration (~3.5% chlorine). A material balance limitation 
is a contributing factor. As the absorbent solution becomes depleted, liquid-phase effects 
begin to exert some control and the proportionality of the rate to the gas-phase concentra¬ 
tion is lost. Increasing the supply of alkaline reactant can restore the situation. This can 
be done by increasing the rate of supply of solution or by increasing the concentration of 
the reactant in the solution. The absorption rate remained proportional to the strength of 
the gas as long as the molar ratio of alkali to chlorine supplied to the column remained 
above a critical value of 2.3-2.5. 


9J. 10.4. Expansion Chambers. Liquid chlorine has an unusually high coefficient of 
expansion, ten times as great as that of water and six times as great as concentrated KCl 
brine. Where there is a chance of trapping liquid chlorine in a closed volume, as between 
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Type "A" Type "B" 

NOTES: 

1. Capacity - 20% of line volume. 

2. Capacity -10% of line volume. 

3. 2750 kPa relief setting suitable for many systems. 

Setting must not exceed system design pressure. 

4.15-mm pressure-gauge connection. Liquid-filled 
protective diaphragm optional. 

5. Supports may be necessary but are not shown. 

FIGURE 9.48. Standard chlorine expansion chambers (with permission of The Chlorine Institute, Inc.). 


two valves in a pipeline, there is the possibility of generating dangerous pressures as the 
liquid warms and tries to expand. Standard practice therefore is to provide pressure relief 
to a receiver or a safe area or to install expansion chambers that take up the increase in 
volume. The latter are usually designed to allow up to 20% expansion of the trapped 
liquid. This is based on an increase in temperature from — 18°C to 60®C. The design 
shown in Chlorine Institute drawing #136, reproduced here as Fig. 9.48, can be regarded 
as an industry standard. 

There are two kinds of chamber, lype “A” is recommended for continuous supply 
pipelines and should be installed at the high point of a system. The rupture disc is set 
for about 2,750 kPa, and it can be changed without shutdown of the pipeline supply. 
The secondary chamber in such a case must be purged of chlorine and evacuated. The 
primary chamber can be emptied of chlorine by displacement with dry air or nitrogen. 
This should be done periodically as needed; the same is true of a Type “B” chamber. 

Expansion chambers should be fitted and installed in accord with Chlorine Institute 
Pamphlet #6. They are designed for a pressure of3,300 kPa. Larger chambers and welded 
small chambers should be designed to ASME VIII. Smaller units can be fabricated from 
seamless drawn cylinder in accord with local regulations or from pipe and fittings as 
recommended by the Chlorine Institute. Fittings usually are of forged carbon steel. 
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Users must realize that without proper installation certain '‘expansion” chambers 
can be useless. Simply adding a chamber to a pipeline may be no more effective than 
adding a bulge in the line. If an empty chamber is provided, it can simply fill, along 
with the rest of the piping system, with liquid chlorine. More realistically, a chamber 
full of air at atmospheric pressure will fill until the air is compressed to line pressure. 
With liquid at — IS'^C, even at the vapor pressure of only about 200 kPa, this will mean 
that liquid chlorine immediately fills half the chamber and only half the vessel volume is 
available for expansion. The design of the Type “A” chamber attempts to avoid filling of 
the expansion volume by isolating it with a rupture disc. The same effect can be obtained 
by installing a pressurized elastic barrier [94]. The barrier may be an elastic membrane 
or a metal or PTFE bellows. 

Gupta [95] proposed connecting multiple primary chambers to an appropriately 
sized secondary chamber. In this way, a relatively small number of secondary chambers 
would serve an entire plant. These could be thoroughly instrumented at a small expense 
while providing high reliability. 


9J,11. Explosion Hazards 

9JJ1.L Hydrogen, To the layman, probably the best-known property of hydrogen is 
its combustibility in air. At least as important to the chlorine technologist is the fact that 
hydrogen also can react explosively with chlorine even in the absence of oxygen. Because 
of the low energy of the Cl-Cl bond, there is always a tendency for chlorine molecules 
to split into a pair of free radicals. These radicals avidly seek available hydrogen to form 
the stable combination HCl. This is the basis for the widespread use of chlorine as a 
thermal catalyst for dehydrochlorination reactions. The chain reaction that results when 
chlorine is mixed with hydrogen can be represented by 

CI2 ^ 2cr 

cr + H 2 -> HCl -h H* 

H* -h CI 2 HCl + cr 

In certain mixtures, the accumulation of energy can lead to an explosion. 

Figure 9.49 is a ternary diagram of the system air~H 2 -Cl 2 showing the explosive 
region. The significance of the three different sets of lines is explained below. First, we 
remark on the lower limits represented by the two lines at the bottom of the diagram. 
Note that the hydrogen concentrations are nearly the same regardless of the air/chlorine 
ratio. Moving to the upper part of the diagram, we see that the upper limits of hydrogen 
concentration are higher in chlorine than in air. The explosive range of hydrogen is there¬ 
fore wider in chlorine. Add to this a lower ignition energy and the graver consequences 
of a release of the combustion product, and mixtures of hydrogen and chlorine are much 
more dangerous in a process than are similar mixtures of hydrogen and air. 

If hydrogen and chlorine are mixed in oxygen rather than in air, there is little change 
in the lower limits. The upper limits are higher, broadening the explosive range, and the 
ignition energies are lower. The Appendix (in Vol. V) shows this, along with the behavior 
of the N 2 -H 2 -CI 2 ternary. 
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FIGURE 9.49. Explosive ranges for hydrogen-chlorine-air mixtures. 


The zones in Fig. 9.49 bear numbers that characterize the behavior of the ternary 
system. In zone I, top or bottom, the mixture is too lean in some component to support 
combustion. In zone IV, detonations can occur. The other zones recognize the unusual 
behavior of the system, where over a fairly broad range of compositions, reaction can 
occur without advancing to detonation. The lines separating zone I from zone II represent 
ignition limits. We follow here the definition given in Member Information Report 121 
of the Chlorine Institute [96]. The ignition limit is the composition of a gas which, 
when ignited by an adequate point source of energy such as a strong spark, will barely 
continue to propagate the reaction in an upward direction to the limits of the container. 
At the ignition limit, the process is not vigorous. It is not an explosion; the changes in 
temperature and pressure are quite small. At the same time, it is not a flame; no light is 
emitted. As the composition of the gas moves away from zone I into more dangerous 
areas, the reaction becomes more vigorous. At the boundaries between zones II and 
III, the pressure doubles from its starting level. The low-hydrogen end of Fig. 9.49 
can be summarized safely and with reasonable accuracy by saying that zone II lies 
between 4% and 8% hydrogen for all ratios of chlorine to air. The upper boundary 
between zones II and III is a modification of the data of Suzuki and Fukunaga [97]. Their 
results generally indicated lower hydrogen concentrations at the boundary. However, 
their pressure-measuring system was insensitive and their apparent zone III very narrow. 
The curve shown in Fig. 9.49 is a somewhat arbitrary but quite reasonable adjustment 
made by the compilers of MIR 121. Similarly, the upper line separating zones III and IV 
is estimated from the measured DEL for hydrogen in chlorine. We can therefore have 
some reservations about the upper region of Fig. 9.49, but our main interest here is in 
the lower part. 
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FIGURE 9.50. Principle of air dilution in the liquefaction process. 


Hazardous mixtures of hydrogen and chlorine can be rendered safe by dilution. This 
is a technique very frequently used in chlorine recovery processes, and it was touched 
upon in Sections 9.1.7.2A and 9.1.9.1. As chlorine is removed from the cell gas mixture, 
by liquefaction or other means, the composition of the residual gas on Fig. 9.49 moves 
along a straight line away from the chlorine vertex. At some degree of recovery, the gas 
would move into the combustible zone. To prevent this, air or nitrogen is added into the 
gas. Figure 9.50 illustrates the principle. Starting from point A, the desired or achievable 
recovery of chlorine would move the mixture to point B in the explosive region. To avoid 
problems, air is simultaneously added at a rate sufficient to move the composition from 
B at least to point C and so into the safe range. One of the advantages of membrane cells 
is the low hydrogen content of the chlorine gas, which reduces or eliminates the need 
for gas dilution in liquefaction. The purpose of Fig. 9.50 is to illustrate the principle 
involved. It does not represent the course of the process. As said above, addition of 
the diluent precedes or accompanies the removal of chlorine. Only the points A and 
C are real. 

Air is of course not the only gas that can be used for dilution. Van Diest and 
DeGraff [98] published curves showing that the ability to suppress hydrogen-chlorine 
combustion increases in the order N 2 < HCl < CO 2 < H 2 O. As a practical matter, 
water is not suitable in ferrous-metal systems and HCl presents problems in separation 
and corrosion. CO 2 is an effective suppressant that might be used in some circumstances, 
but within an operating process air or nitrogen is the usual choice. Table 9.14 shows the 
results of some calculations of the relative effectiveness of these suppressants. 

The purpose of adding dilution air to a chlorine recovery plant is to avoid the 
ignition hazard we discuss here. Another approach to a hazard is to mitigate or contain 
it. Antonov et al. [99] suggested that liquefier systems should be operated at hydrogen 
concentrations up to 8%, on the basis that the pressure multiplier would be no more than 
2. P21, which incorporates much of the information from MIR 121, points out that these 
authors did not consider the problems associated with stationary flame fronts that could 
arise. Still, systems have in fact been designed and operated at hydrogen concentrations 
up to 16%. Keys to success here are to design for high developed pressures and to impede 
the development of wave fronts by installing baffles or otherwise making the geometry 
not conducive to the propagation of a wave. 
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TABLE 9.14. Amount of Diluent Gas Required to Prevent 
H2“Cl2 Combustion 


Diluent 

%H 2 at 
ignition limit 

% diluent 
required 

Diluent 

volume/starting 

volume 

Relative 

volume 

of diluent 

Air 

5 

90 

9.0 

100 

N2 

7.5 

85 

5.1 

63 

HCl 

9 

82 

4.6 

51 

CO 2 

13 

14 

2.9 

32 

H 2 O 

18 

64 

1.8 

20 


Note'. Starting mixture 50/50 H 2 /CI 2 ; atmospheric pressure; 100°C. 


TABLE 9.15. Effect of Temperature on Ignition Limits of 
Hydrogen Mixtures 


Temperature 
of gas 

%H 2 in chlorine 

%H 2 in air 

%H 2 in oxygen 

Lower 

Upper 

Lower 

Upper 

Lower 

Upper 

-60 

5 

90 

4 

69 

4 

96 

-40 

4 

90.5 

4 

71 

4 

96 

-20 

4 

91.5 

4 

72 

4 

96 

0 

3.5 

92 

4 

73 

4 

96 

20-25 

3 

92.3 

4 

75 

4 

96 

50 

3 

93 

3.7 

76 

4 

96 

100 

3 

93 

3 

80 

4 

97 


Pamphlet 21 also shows that the ignition range becomes wider as temperature 
increases (Table 9.15) but that pressure has little effect. 


9.L1L2, Nitrogen Trichloride. Nitrogen trichloride is a very dangerous and spontan¬ 
eously explosive compound. It is sensitive to light, impact, and ultrasonic radiation. The 
compound has a free energy of formation of +72 kcal mol“^ and decomposition gives 
off 54.7 kcal. The explosive potential is about 30% of that of TNT. Decomposition of as 
little as 0.3 g cm“^ of exposed wall area in a confined volume can overstress steel and 
create a very hazardous situation. Increasing that number to 1.5 gemresults in frac¬ 
ture [54]. The hazard therefore is less when chlorine contaminated with NCI 3 is spread 
in a wide pool than when it collects in a nozzle or section of piping. Further discussion 
of the hazardous properties of this compound is in Section 16.2.8. 

NCI 3 forms in the cells by reaction of chlorine with certain nitrogen compounds, 
usually amines and other ammonia derivatives. Other nitrogen compounds also may act 
as precursors, but fully oxidized species such as the nitrates are more resistant. The most 
prudent approach is to assume that any nitrogen compound, given enough time in contact 
with free chlorine in a plant environment, can form nitrogen trichloride. NCI 3 then is able 
to accumulate at different points in the process, and its detonation has been responsible 
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for many serious incidents including a number of fatalities. It has been a major concern 
in the chlor-alkali industry, and Chlorine Institute Pamphlet 21 has gathered together 
much of the relevant literature. 

Below we consider the sources and formation NCI 3 , ways to avoid its formation or 
accumulation, analytical procedures, and methods for removal of NCI 3 from the process. 


9.1.11.2A. Sources. Precursors of NCI 3 often are in the salt supply. Nitrogen com¬ 
pounds may be present in the salt itself, and others may be added during its processing. 
This is most likely in the case of rock salts, where a common source is the ANFO 
explosive used to break up the beds in the mines (Section 7.1.2). The anti-caking agent 
frequently applied to fine salts is another source that is present in ppm concentrations. 
An infrequent but potentially very serious contributor is contamination of salt delivery 
vehicles or of auxiliary materials. In solution mining, the most likely source is the dis¬ 
solving water, particularly untreated well water or surface water. A frequent source of 
NCI 3 precursors in surface water is agricultural runoff. 

An occasional in-process source is purified NaOH, which is the upgraded version 
of diaphragm-cell caustic. It is produced by extracting 50% NaOH from the evaporators 
with ammonia (Section 9.3.4.1). It would be better to avoid the problem by using the 
unpurified grade for general purposes. 

Calcium chloride, used in some brine systems, is sometimes a byproduct of the 
Solvay process for soda ash. In this case, it too may be contaminated with ammonia. 

A specialized application that can result in nitrogen contamination of salt is the 
use of amines as separators in the recovery of KCl from mixed ores such as sylvinite 
(Section 7.1.6.2A). 

The sulfuric acid used to dry the chlorine is also sometimes a source of ammo¬ 
nia compounds. Finally, the plant utilities are likely sources. Plant water that has not 
been thoroughly purified has many opportunities to enter the process. Examples of these 
opportunities are the use of impure water to prepare treatment chemical solutions, flush¬ 
ing water on rotating machinery seals, water recycle from waste-minimization systems, 
and direct-contact cooling water. Steam and its condensate are also potential sources. 
The culprits here usually are the amines used as corrosion inhibitors in the steam system 
(Section 12.3.2). 


9.1.11.2B. Accumulation. Accumulation of impurities in a process usually is associ¬ 
ated with recycle systems. However, recycle of liquid chlorine is rare, and we are more 
concerned here with concentration or accumulation during phase changes. Both con¬ 
densation and vaporization of chlorine can concentrate NCI 3 if they are incomplete. 
At the normal boiling point of NCI 3 , the vapor pressure of chlorine is about 22 atm. 
At lower temperatures, the ratio of vapor pressures is even higher. During liquefac¬ 
tion, NCI 3 will drop out of the vapor in the early stages. Since the recovery of chlorine 
usually is rather high in a primary liquefier, the concentration factor tends to be not 
very great. When only a small fraction of a chlorine stream is present as the liquid, 
however, as in the sort of compressor suction chiller discussed in Section 9.1.6.4A, 
the concentration factor is higher and the hazard can become more acute. Addition of 
a stripping section below a suction chiller column aggravates the situation. Because 
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suction chiller bottoms are often removed only occasionally and batchwise, the problem 
of accumulation over time is added to that of concentration by vaporization. More and 
more NCI 3 enters the bottoms receiver with time, and the magnitude of the hazard con¬ 
tinues to grow. This factor is offset by the steady slow decomposition of NCI 3 , discussed 
below. Handling of the bottoms often allows some of the chlorine to evaporate, once 
again concentrating the NCI 3 . This scenario is responsible for many of the most serious 
NCI 3 incidents. Designers and operators are well advised to scrutinize designs and pro¬ 
cedures very carefully and to provide thorough, repetitive training to plant and laboratory 
personnel. 

The opposite process of chlorine vaporization provides similar opportunities for 
concentration and accumulation. This can be a particularly acute hazard for chlorine 
consumers. The vaporization of a batch of liquid chlorine is essentially a process of 
differential distillation. 

The hazard increases when chlorine is continually added to a vaporizing vessel. The 
concentration of NCI 3 in the unvaporized liquid can gradually increase to a dangerous 
level. In a continuous vaporizer, NCI 3 will reach a steady-state concentration determined 
by the incoming concentration and the laws of vapor-liquid equilibrium. If the liquid in 
the vaporizer is allowed to boil down for any reason, the concentration increases again, 
as in batch vaporization. Boiling down a storage tank prior to maintenance produces 
the same effect. A bottom purge connection on a vaporizer, in itself a possible collec¬ 
tion point for hazardous residue, permits the vessel to be emptied without a complete 
boil-down. 

All users of liquid chlorine should be aware of the possibility of concentration of 
nitrogen trichloride by partial vaporization. This should be avoided wherever possible; 
transfers from tankers or from storage, for example, should be made as liquid rather 
than as vapor. A frequent recommendation when the concentration of NCI 3 exceeds a 
plant standard is to dilute the chlorine with fresh material. This must be taken in the 
right context. Addition of chlorine in order to allow vaporization to continue can be 
dangerous as well as futile. If batch vaporization continues down to the same volume as 
that at which the fresh chlorine was added, the NCI 3 concentration in the residue will 
actually be higher. Addition of fresh chlorine as part of a program to flush the apparatus 
safely, however, is unexceptionable. 

The Chlorine Institute in PI52 recommends that NCI 3 concentration never be 
allowed to increase to more than 2%. This provides a margin below the concentra¬ 
tion of 6 % at which the rate of the exothermic decomposition begins to accelerate. Euro 
Chlor [54] reports that 13% is a lower limit for detonation, suggests limits similar to the 
CTs in processing, and publishes recommendations for maximum concentrations under 
various circumstances. Variables include 

1 . the size of the vessel or container (lower limits in larger vessels) 

2 . the frequency of monitoring (lower limits with less frequent analyses) 

3. the nature of any process that takes place in the vessel (more frequent analysis 
when accumulation or fractionation is likely, as in a suction chiller reboiler or a 
vaporizer). 

Users, producers, and packagers should adopt limits that suit their individual 
situations. 
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9.1.11.2C. Avoidance. Sometimes NCI 3 can be avoided by eliminating its precursors 
from the feeds to the process. The first step is to adopt specifications for their con¬ 
centrations in raw materials and utilities. If the water used to dissolve salt presents a 
problem, other grades can be used or purification facilities installed. Other sources of 
water that can infiltrate the process can be treated the same way, and safer types of water 
can replace steam and condensate. Salt can be bought without anti-caking agents, and it 
may be possible to purchase salt mined with the help of an explosive that is free of NCI 3 
precursors. A rigid analytical program can catch raw material contamination. Suppliers 
should be screened and made aware of the importance of preventing contamination of 
their materials. 

Very low concentrations of NCI 3 precursors in feed materials can generate dan¬ 
gerous concentrations in the product chlorine. Many writers emphasize the high 
concentration factor that occurs when nitrogen bodies in the feed brine become NCI 3 in 
the chlorine. A unit weight of ammonia, to begin with, produces about seven weights 
of NCI 3 . Added to this is the fact that a 300gpl NaCl feed brine is only about 15% Cl. 
This combined with the molecular weight change from NH 3 to NCI 3 gives a concentra¬ 
tion factor of about 45. Going beyond this, we must recognize that not all the NaCl in 
the brine is converted in the cells. If we assume about a 45% conversion of NaCl with 
quantitative reaction of NH 3 to NCI 3 , we calculate that 1 ppm of NH 3 in the feed brine 
can produce 100 ppm NCI 3 in dry chlorine. However, standing concentrations of ammo¬ 
nia exist because conversion per pass is not quantitative. The numbers above are more 
interesting than realistic. One ppm of ammonia in the salt will eventually produce about 
12 ppm of NCI 3 in the chlorine, and this is a more reliable way to assess the potential 
NCI 3 burden. 

When ammonia compounds are in the brine despite preventive measures, controlled 
chlorination can destroy them and allow the nitrogen content to be removed by venting 
or sparging with air. The chlorination of ammonia proceeds in a stepwise manner [100]: 

NH3 + HOCl NH2CI + H2O 

NH2CI -h HOCl ^ NHCI2 + H2O 
NHCI2 + HOCl ^ NCI3 + H2O 

It seems senseless at first glance to try to avoid the presence of NCI 3 by adopting a 
procedure that leads to its formation. It is essential to limit the conversion of ammonia 
and to interrupt this reaction sequence before NCI 3 forms. The key here is to perform 
the chlorination at the correct pH. Hypochlorous acid is shown as the reactive species. 
As the pH drops toward the acidic region, less HOCl ionizes, and its concentration in 
the solution increases. For the ionization reaction 

HOCl ^ H+ + ocr 

the equilibrium constant is 3.04 x [101]. Table 9.16, derived from this 

equation, shows that the concentration of HOCl relative to the hypochlorite ion increases 
constantly as pH and temperature become lower (see also Fig. 4.1.2). Below pH 5, OCl~ 
disappears and the concentration of molecular chlorine starts to become appreciable. 
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TABLE 9.16. %HOCl in HOCEOCr 
Mixtures 


pH 

Temperature, ° 

C 

0 

40 

80 

9 

4.8 

1.9 

0.94 

7 

83.3 

66,2 

48.7 

5 

99.8 

99.5 

99 


These data show that when the brine remains alkaline the concentration of HOCl is not 
too high. At pH 8.5, the major product is chloramine, which is quite volatile and can 
be stripped from the brine. At pH 4.5, the major product is nitrogen trichloride. This 
explains the formation of NCI 3 in the cells, but acidic conditions are to be avoided when 
deliberately chlorinating the brine. 

At even higher pH, where OCl” is dominant, the decomposition byproduct, 
according to PI52, is nitrogen: 

2 NH 3 4- 3NaOCl ^ N 2 + 3 H 2 O + 3NaCl 

If chlorination is by direct injection into highly alkaline brine, the overall reaction then 
becomes 


2NH3 + 3Cl2 + 6NaOH N2 + 6H2O + 6NaCl 


9.1.11.2D. Detection. NCI 3 frequently is assayed by the classical Kjeldahl nitrogen 
test. This is time-consuming and not very sensitive at low concentrations. If samples 
are not kept cold, thermal decomposition will continue while they are waiting or being 
prepared for analysis. Reported results then will be low, and hazardous concentrations 
may not be detected. This has been cited as a factor in some NCI 3 incidents. More 
recently, Hildebrand [102] reported on the development of a chromatographic method 
that is both rapid and precise. The time required for analysis is about twenty minutes, 
instead of the 6.5 hr required for a Kjeldahl analysis. The method depends on partial 
(~90%) evaporation of the chlorine from a chilled sample of liquid, followed by the 
addition of the chromatographic eluent (methanol plus a dilute acetate buffer at pH 4) 
and injection into the column. The detector uses ultraviolet light. The method has been 
certified by ASTM (E2036-99), and one can expect it to find increasing use. 

It is essential to remember that Kjeldahl analysis gives total nitrogen content. It 
overreports NCI 3 when other nitrogen-containing species are present. Operating limits 
established by previous history can not be relied on when switching from Kjeldahl 
analysis to a more specific test [102]. Setting new limits is a task for individual plants. If 
other nitrogen compounds had distorted previous analyses, it may be necessary to lower 
the limits. 

Purchasers of chlorine may do their own analyses or may rely on the supplier’s 
analytical history. A supplier who provides product assays and changes analytical 
methods as above should inform all customers of the change and its significance. 
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A partial review of the literature describing accidents attributed to nitrogen trichlor¬ 
ide suggests that lack of timely recognition of an increase in NCI 3 is often a contributing 
factor. Many investigations after the fact find increased levels of NCI 3 in the chlorine, 
more nitrogen compounds in the brine, etc. Development of a speedy and reliable test, 
coupled with more frequent monitoring and a mechanism to call for repeat analyses 
and more frequent checks after one analysis has exceeded the usual range, should help 
to reduce the number of such incidents. To choose only one of these, we consider an 
incident in July 1998 that resulted in three injuries eind a 2-week shutdown of an entire 
plant [103]. Two explosions occurred, one in a blowdown line used for periodic with¬ 
drawal from a bottoms drum and one in laboratory glassware during investigation of 
the causes of the incident. The latter resulted in the most serious injury. The nitrogen 
contamination that caused the incident eventually was traced to urea present in the soda 
ash used for brine treatment. This in turn arose from the supplier’s blending in of a stock 
of imported material. 


9.1.11.2E. Destruction. NCI 3 is unstable and so many possibilities exist for its safe 
removal from chlorine. Several plants have destroyed NCI 3 with ultraviolet light. The 
best frequencies are 360-478 nm [104]. Mercury-vapor lights are serviceable and are 
more successful with chlorine gas than with the liquid. Knoop and Santavicca [105] 
report that the half-life of NCI 3 exposed to a 4.5-kW lamp is about one second. UV light 
also catalyzes the reaction of hydrogen with chlorine to form HCl. This reaction has 
been used as end-of-pipe treatment to reduce the amount of chlorine in hydrogen gas. 
Users should be aware of this possibility before adopting the technique. Maintenance 
of the UV source in an operating chemical environment can be a difficult problem, and 
the physical arrangement of the lamps and the chlorine pipeline is a very important 
matter. 

Some plants rely on the thermal instability of NCI 3 . Without its continuous slow 
disappearance, many of the reported incidents undoubtedly would have been worse. The 
rate of decomposition becomes useful somewhere above 50°C. Temperatures in excess 
of this are found in compressors, and some have installed gas holding pipes to allow the 
decomposition reaction to proceed. The Chlorine Institute has reprinted a 1963 paper 
by Ross and Bowling [106] that reports substantial reductions of NCI 3 concentration in 
a compressor and correlates the results with the compressor outlet temperature. Writers 
on the thermal decomposition of NCI 3 often state that it is a site-specific phenomenon. 
The kinetics of a homogeneous gas-phase reaction should be independent of site. One 
reason for the apparent dependence is the lack of characterization of plant systems. There 
seems to be a lack of confirming data and of descriptions of physical details to allow 
one to use published information to design a system with any confidence. Publication 
and discussion of plant results could contribute to alleviation of this hazard. Accurate 
knowledge of the various systems and the time/temperature history of the gas should 
then allow some correlations to be made. 

However, a second reason for inconsistency is the fact that there are surface effects. 
These will vary greatly from site to site. Pipeline reactors, with their high ratios of surface 
area to volume, will be especially variable. 

Euro Chlor’s publication [54] contains information on rates of decomposition 
of NCI 3 in liquid chlorine. Figure 9.51 shows a plot of the first-order rate constant. 
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Temperature (®C) 

FIGURE 9.51. Rate constant for decomposition of NCI 3 in liquid chlorine (with permission of Euro Chlor). 


With ^ in hr ^ and temperature in kelvin, this follows the equation 

k = lA6x 10^ ( 86 ) 

There also are calculations on the decomposition that occurs in typical continuous 
vaporizers. A later subsection expands on this topic. 

Collection of the bottoms from a compressor suction chiller (Section 9.1.6.4A) gives 
another opportunity for thermal decomposition. Figure 9.25 shows a typical arrangement 
with a collection pot. Charging this pot with a solvent allows further stripping of chlorine, 
and refluxing the contents of the pot causes NCI 3 to decompose at a controlled rate. 
Carbon tetrachloride has been the solvent of choice for many years and is still used 
by a number of plants. With CCI 4 being phased out, others have adopted alternatives, 
one of these being chloroform. Users of chloroform must remember that it has a lower 
boiling point than NCI 3 and that refluxing actually concentrates NCI 3 in the bottoms. 
The reboiler contents can not be allowed to weather or boil down excessively. One theory 
is that chlorination of CHCI 3 will gradually produce CCI 4 that will remain as a diluent. 
This of course destroys the purpose of using chloroform. 

Shushunov and Pavlova [107] have published kinetics for the decomposition of 
NCI 3 in CCI 4 solution. Again, the reaction appears to be first-order, and the authors give 
32 kcal mol”^ as the activation energy. The plotted data then fit the equation 

/: = 5.3 X 10‘(87) 

This is very close to Eq. ( 86 ). As we saw in Section 9.1.7.2C, the solution properties of 
chlorine and CCI 4 are quite similar, and this result is further confirmation of that fact. 

Turning next to miscellaneous methods, several different catalysts have been sug¬ 
gested for treatment of the filtered dry gas. Activated carbon is the most common. Silica 
and alumina are other candidates, and these might be impregnated with metal to increase 
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their activity. Startups with fresh beds would require careful management because of 
possible exotherms. This process does not seem to be in commercial use. 

Iron and its compounds can also cause decomposition. The addition of metal shav¬ 
ings into equipment or piping can therefore reduce the NCI 3 decomposition. Because of 
the possibility of combustion of chlorine with iron (Section 9.1.2) as well as the higher 
activity of copper alloys, the use of grease-free Monel shavings would be preferred. The 
possible activity of iron means that wall effects are quite likely in ferrous systems. This 
would be a confounding factor in any effort to correlate plant experiences. 

The Chlorine Institute document referred to above also mentions a number of tech¬ 
niques found in old patents. These include scrubbing with cold aqueous HCl and contact 
with dilute solutions of common reducing agents. These also seem not to have been 
practiced widely. 

When liquid chlorine spills, its evaporation can leave a deposit of NCI 3 behind. This 
can detonate simply by having someone walk across it. It should always be assumed after 
a spill that there is a hazardous residue. A spray of an approximately 5% solution of a 
reducing agent followed by an inspection for any pools of NCI 3 and a final washdown 
with water should remove all traces. 

The use of iodine-containing species to reduce suction chiller reboiler corrosion 
(Section 9.1.6.4A) has an added advantage. This iodine that forms reacts as below: 


3I2 -h 2NCI3 2NI3 + 3Cl2 
2NI3 ^ N2 + 3I2 


Decomposition of nitrogen triiodide is a relatively low-energy process without the 
destructive potential of NCI 3 decomposition. 

Taking the use of iodoform as an example, formation of elemental iodine requires 
an excess of chlorine. When the excess is maintained, the addition of about 5 mg CHI 3 
per liter of reboiler solvent can decompose more than 90% of the NCI 3 safely. 


9.1.11,2F. Fractionation. We have referred several times to the buildup of NCI 3 con¬ 
centration due to fractionation. This occurs when a small fraction of a chlorine stream 
condenses, as in a suction chiller reboiler, or when liquid chlorine is vaporized or is 
allowed to boil down in a vessel. Here, we attempt to quantify the latter situation. It is a 
case of simple differential distillation of a two-component mixture. We start by assuming 
a constant relative volatility. The Rayleigh equation [108] becomes 


A/Ao = 


(88) 


where 

A, B = moles or weights of two components in the still at any time 
Ao, ^0 = moles or weights of two components in the still at some base time 
a = relative volatility of A to 5 
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Specifically, we can define Aq and Bq as the quantities present at zero time or at the 
beginning of vaporization. Manipulating this equation to find the ratio A/we obtain 

A/B = (89) 

(i5o/B)^~“ is a multiplying factor that relates the ratio of the two concentrations at any 
time to the ratio at the beginning of vaporization. Below, we refer to it as the concentration 
factor. 

The immediate problem in analyzing this process is to determine the value of a. The 
first requirement is some knowledge of the vapor pressures of the two components. The 
physical properties of chlorine are well known. The physical properties of NCI 3 are less 
well known and, because of the hazards of handling this material, not easily obtained. 
Argade et aL [109] reported on the available vapor pressure data on NCI 3 , and the latest 
publications still refer to these same data. Vapor pressures can also be estimated from 
generalized methods, and the calculations of the Design Institute for Physical Property 
Data (DIPPR) are also widely quoted. These results were obtained using the ChemCAD 
program. DIPPR results do not agree with the literature data, with the two sets diverging 
more at low temperatures. The DIPPR vapor pressures are the higher of the two sets. 
They would predict lower liquid-phase concentrations of NCI 3 . 

Abraham and Knoop [110] used the literature data fitted to the Antoine equation to 
allow extension and interpolation. They present a series of tables that show the calculated 
liquid and vapor concentrations of NCI 3 at various degrees of chlorine vaporization up 
to 99.99%. These cover starting liquid-phase concentrations between 1 and 15 ppm and 
temperatures between “-34.5°C and — 1°C. Relative volatilities of chlorine relative to 
NCI 3 derived from these tables are 28.5 at —34.5°C, 33 at — i7.8°C, and 35.5 at — 1°C. 
These authors also report a test in which 43% of the chlorine in a tank car was allowed 
to evaporate into a recovery system. Measurements before and after (data not reported) 
agreed better with the literature data than with the DIPPR calculations. 

These data indicate that the relative volatility of chlorine increases at higher temper¬ 
ature. This is a surprising trend. The relative rate of increase of vapor pressure of a pure 
liquid with temperature is proportional to its molar heat of vaporization. In most binary 
mixtures, the less volatile component has the higher latent heat, and the relative volatil¬ 
ity therefore tends to decrease as temperature increases. Argade’s tabulation of physical 
properties [109] suggests that this should be the case here. The latent heat of vaporization 
of chlorine is well established, and in the temperature range considered above, it is about 
4.7 kcal mol” ^. For NCI 3 , Argade et al. quote Apin’s value of 7.58 kcal mol” ^ [111] and 
provide a plot showing several points calculated from this value as well as the literature 
data. Figure 9.52 is a reconstruction. The difficulties of working with nitrogen trichloride 
might justify questioning this value for the latent heat, but it is not far out of line for a 
compound boiling at 71 °C. The modified Kistiakowsky equation for latent heats predicts 
a value of 7.00 kcal mol” ^ only about 8 % lower. The dashed line on the figure has a 
slope corresponding to these expected values. Clearly, the slope of the experimental 
vapor pressure curve corresponds to a lower value. This slope in fact suggests that the 
latent heat of NCI 3 is not much different from that of chlorine, and the progression 
of relative volatilities in Abraham and Knoop’s work corresponds to the rather small 
difference of about 800 cal mol”^ 
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FIGURE 9,52. Vapor pressures of NCI 3 . Solid line: correlation of literature data [109]; dashed line: slope 
corresponding to estimated latent heat of vaporization. 


The calculations described above assumed ideal vapor and liquid behavior. After 
choosing a model for vapor pressure data, many other workers have calculated NCI 3 
accumulation in this way. For this system, one actually would expect some degree of 
nonideal behavior, with positive deviations. If this were true, the assumption of ideal 
behavior would err on the safe side, but perhaps unrealistically so. Zeller et aL [112] 
therefore collected data from an operating vaporizer by sampling both gas and liquid 
phases. Twelve observations at 24.5 ± 1.3°C gave apparent liquid-phase NCI 3 activity 
coefficients that ranged from 0.8 to 32. The relative volatility of chlorine to NCI 3 , based 
on rounded data as tabulated, ranged from 1.35 to 40. While the large range suggests 
measurement error or confounding factors, it is significant that Zeller et aL report an 
average y of 13.6 with a 95% confidence interval of about 7-20. This indicates at least 
that there are positive deviations and that the partition of NCI 3 will be more into the vapor 
and less into the liquid than ideal-solution calculations would indicate. This means that 
the buildup of the liquid-phase concentration will be slower. The same effect occurs 
during the condensation of chlorine gas that contains NCI 3 . At any point during that 
process, less NCI 3 appears in the liquid and more in the vapor. Under this scenario, 
condensation and vaporization become less dangerous processes. 

These two papers have pointed the way to further progress in determination of the 
true behavior of NCI 3 in fractionating systems. However, some of the observations are 
not mutually consistent. One is led to question the validity of the basic data now available. 

The highest relative volatility that we have considered for CI 2 is 40. Referring to 
Eq. (89) and identifying nitrogen trichloride as component A and chlorine as component 
B, we adopt a corresponding value of ^ — 0.025. The concentration factors for different 
degrees of vaporization of chlorine are tabulated below. 
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%Vaporized 

BolB 

Concentration factor 

50 

2 

1.966 

90 

10 

9.44 

98 

50 

45.3 

99 

100 

89.1 

99.5 

200 

175.2 

99.8 

500 

428 

99.9 

1,000 

841 

99.99 

10,000 

7940 


Figure 9.53 shows this graphically. It also includes lines for relative volatilities 
of 20, 10, and 5. If chlorine is twenty times as volatile as NCI 3 = 0.05), for example, 
vaporization of 99% of the chlorine increases the concentration of NCI 3 in the heel by a 
factor of 79,4 rather than 89.1. 

The results obtained above do not account for decomposition of NCI 3 during the 
process. The next subsection addresses this in typical chlorine vaporizers. 

The model also assumes that vapor as it forms is immediately removed from contact 
with the liquid. In a real case, there is a substantial and growing amount of vapor confined 
along with the liquid. While new vapor forming may be in equilibrium with the liquid, 
the vapor that issues from the container is some mixture of new vapor and previously 
formed vapor. The vented material and the vapor phase in the container will, if anything, 
be leaner in NCI 3 than the model would suggest. 



FIGURE 9.53. Concentration factors for NCI 3 during vaporization of chlorine. 
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There is evidence that use of the reported experimental data rather than the DIPPR 
equation for vapor pressure of NCI 3 and the assumption of ideal gas and liquid behavior 
both are conservative in their predictions of the amount of NCI 3 present in the liquid 
phase after vaporization. It would require basic data of higher quality than are now 
available to allow us to make calculations with a great degree of confidence. 

While fractionation allows high boilers such as NCI 3 to accumulate, it also allows 
selective removal of low-boiling impurities such as oxygen. A small amount of vapor¬ 
ization can reduce the concentration significantly. Flashing back to lower pressures in 
liquefaction systems is a convenient technique [31]. 

9.1.11.2G. Decomposition of NCI 3 in Vaporizers. This treatment is based on the 
approach and information contained in Euro Chlor’s GEST 76/55 [54]. Within a con¬ 
tinuously operating vaporizer, we assume a constant volume of a uniformly mixed liquid 
containing only chlorine and nitrogen trichloride. The distribution coefficient for NCI 3 , 
or the ratio of its vapor- and liquid-phase concentrations, we label p. In the absence of 
any decomposition, the steady-state concentration of NCI 3 in the vapor would equal its 
concentration in the feed: 


Cf = Cv (90) 

By definition of the distribution coefficient, 

Cv = (91) 

Then 

Cl = Cp/iS (92) 

and the concentration of NCI 3 is multiplied by the factor l/y5. This factor, which may be 
a function of temperature, fixes the maximum possible concentration to which NCI 3 can 
accumulate. Because of the decomposition reaction in the vaporizer, the accumulation 
factor will in fact be smaller. 

We can calculate a new steady-state concentration in the vaporizer if we know the 
kinetics of the reaction. GEST 76/55 gives a plot of a first-order rate constant; this is 
reproduced in Fig. 9.51. The nitrogen trichloride balance including this reaction is 

rate of feed = rate of withdrawal -h rate of reaction 
FCf = FCv + kVCL 

We still have the vapor-liquid equilibrium as expressed in Eq. (91). This leads to 

C^ = Cf./(P^kV/F) (94) 

V/F is the liquid retention time, r. We can express the buildup of NCI 3 in the vaporizer 
by an accumulation factor, A ~ Cl/C p. If no decomposition occurred, we would have 
Aq = l/p. The accumulation factor is smaller when we account for the reaction: 


A = l/(^ + kr) = Ao/(l + kr/p) 


(95) 
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Ao represents physical equilibrium. It places a limit on the possible accumulation of 
NCI 3 and is independent of vaporizer design. The term kxj^ in the denominator shows 
the influence of vaporizer design and process conditions. 

GEST 76/55 analyzes the characteristics of two vaporizers, one a vertical-tube unit 
and the other a kettle type. The operating rate was 3thr”^ and the liquid volumes 
were calculated from the physical dimensions. With vaporization at 50°C, the important 
parameters in the analysis made above are 

A: = 0.016hr-‘ 

^ = 0.025 

r = 0.03 hr (shell-and-tube) 

= 0.177 hr (kettle) 

The retention times reported in GEST 76/55 were calculated using a liquid density 
appropriate to a lower temperature, but this does not detract from the main point that 
there is little destruction of NCI 3 in the typical vaporizer. The calculated parameters lead 
to the results that follow: 


Apparatus 


% destroyed 

Accummulation factor 

S&T 

0.019 

1.9 

39 

Kettle 

0.116 

10 

36 


Figure 9.51 shows that the rate constant is a strong function of temperature. Under 
the arbitrary assumptions that the liquid reaches 100°C at the walls of the tubes and 
that 5% of its time in the vaporizer is spent at that temperature, GEST 76/55 shows that 
the destruction in the smaller unit increases to 43%. We can also estimate the effect of 
operating at a higher temperature, say 70°C. The retention times are reduced slightly 
because of the lower density of the liquid, but the rate constant increases to 0.295 hr“^ 
Now we have 


Apparatus 


% destroyed 

Accummulation factor 

S&T 

0.334 

25 

30 

Kettle 

1.971 

64 

15 


This shows the importance of temperature and the fact that operation at 70°C would begin 
to remove useful quantities of NCI 3 (and aggravate another hazard by requiring pressures 
above 2 MPa). The real advantage lies not in the efficiency of destruction, which still is 
not impressive, but in the reduction of the accumulation factor and therefore the reduction 
in the magnitude of the decomposition energy hazard. It also shows that the increased 
retention time in a kettle reboiler is useful in minimizing the potential concentration of 
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NCI 3 , but one must also recognize that the total quantity of fluid present in the vessel is 
much greater than it is in the case of the vertical unit. 

Purging liquid from the vaporizer is another method of reducing its concentration 
of NCI 3 . If a fraction / of the liquid feed is removed, the material balance equation (93) 
becomes 


FCf = (1 - f)FCv + kVC^ + /FCl (96) 


and 


Cl = Cf/[^ + /:r + (1 ^ y3)/] (97) 

The denominator now consists of three terms showing the effects, respectively, of vapor¬ 
ization, reaction, and purge. If = 0.025, as assumed, the fraction purged would have 
to be very nearly that number in order to have the same effect as vaporization. In other 
words, a full 2.5% of the liquid would have to be removed in order to cut the accumula¬ 
tion factor in half. This might be acceptable in some situations, but the fact remains that, 
barring significant effects due to a hot surface, the volatility of NCI 3 is itself the most 
effective limit on its accumulation in the liquid phase. Use of a different value of ^ to 
reflect a higher vapor pressure or the existence of positive deviations in the liquid-phase 
activity of NCI 3 would make this fact even more striking. 


9.7.72. Evacuation and Sniff Systems 

Besides the liquefaction tail gas discussed in Section 9.1.9, there are several other 
sources of chlorine-containing vapor, most of them intermittent, which must be handled. 
Silver [77] gave a summary of these streams and methods for their treatment. Some 
streams are continuous, such as those from air-based dechlorination. Intermittent streams 
include 

1 . vent gas from loading operations 

2 . equipment depressurization 

3. evacuation (and purging) of lines and equipment 

4. cell maintenance activities 

5. emergency dumps (and cleanup of spills). 

This is a diverse list. The sources differ greatly in frequency, size, pressure, and quality. 
They sometimes are collectively referred to as “sniff” or “snift” gas and considered 
together. 

Returned vehicles and shipping containers frequently are emptied before reuse or to 
allow maintenance and revalving. Once the operators have established that the chlorine is 
free of dangerous contaminants, they can rework it at a rate determined by the capability 
of the process. While the chlorine is nearly always dry and often at or above process 
pressure, it is a common practice to introduce it to the inlet of the chlorine dryers. Its 
rate of entry into the process must be limited, and Section 11.3.2.3B describes the need 
for control and protective systems. 
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The usual practice is to vent the container down to some level under its own pres¬ 
sure and then to continue emptying it by using an evacuation compressor. This must 
be done with due regard to the cautions in Section 9.1,11.2. Acid-sealed liquid-ring 
compressors are often used to evacuate equipment and piping for maintenance or revalv¬ 
ing, to complete the transfer of chlorine from storage tanks, and to produce vacuum for 
the dechlorination of brine (Section 7.5.9.2A). Sulfuric acid is the sealing liquid when 
handling rich streams of chlorine. Compressor design considerations are basically as 
discussed in Section 9.1.6,2. As would be expected in intermittent operations, extra care 
is necessary to prevent contamination of the chlorine or leakage of wet air into a “dry” 
system on standby. 

In a typical operation, chlorine flows by way of a pressure-control valve to the 
compressor suction knockout pot. The pressure might be held at 30-40 kPa of vacuum. 
Under low load, the vacuum might increase to 60-70 kPa. Makeup acid is typically 
96% H 2 SO 4 . The acid is discharged at 94% H 2 SO 4 or higher and is sent to the chlorine 
drying system. After the demister, the compressed chlorine flows through a backpressure 
controller into the drying or vent scrubbing system. Under some circumstances, the gas 
might be delivered into the pressure side of the process, but operators then must be 
certain that the gas remains dry. 

Process connections to the dry evacuation system are at the chlorine drying towers, 
the compressor system (coolers and compressors), liquefaction (phase separators and 
liquefiers), and secondary recovery systems. When an emergency spare tank exists, it is 
held under constant vacuum to be ready to receive chlorine as needed. The evacuation 
system, as its name implies, is not intended for systems under substantial pressure. 
These should be vented down through the process for recovery of the chlorine whenever 
possible. After the pressure has been reduced to a certain level, the evacuation system 
can take over. 

Critical safety precautions associated with evacuation systems are: 

1 . purging and careful checking are necessary before opening any system for 
maintenance; 

2 . vessels must never be allowed to accumulate dangerous concentrations of 
nitrogen trichloride. 

When weak chlorine is handled, as in the evacuation or purging of low-pressure 
pipelines, an acid seal would quickly be diluted by absorption of water from wet air. 
In this case, water-sealed compressors are used. Ferrous-metal construction is out of 
the question for this application. The materials must be suitable for use in wet chlorine 
service. Titanium and steel lined with tit^ium or a ceramic are frequently used. 

There is a basic limitation on the use of water-ring vacuum pumps. The suction 
pressure must be greater than the vapor pressure of the sealing fluid. This is of no 
concern when pulling air through a system in order to sweep out residual chlorine. A 
frequent application for these units is in fact the boosting of chlorine-laden air to a wet 
scrubber. 

There are process circumstances that require only modest increases in pressure. 
Some plants use low-pressure blowers either as boosters for the main compressors or as 
sources of pressure to move the gas through part of the low-pressure side of the process. 
Other compressors sometimes are used to transfer chlorine within the plant. We have 
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already mentioned the use of compressed chlorine vapor to force the transfer of liquid 
chlorine from a storage tank to a process or to another tank (Section 9.1.8.4A), 


9.2. HYDROGEN 

The major physical properties of hydrogen appear in the Appendix. Here we mention 
others that are important in the design of a safe system. 

Hydrogen is a colorless, tasteless, odorless, and nontoxic gas [113]. It can function 
as a simple asphyxiant, but its greatest hazard is its explosivity. It has a wide range of 
explosive concentrations, 4—75% in air and 4.6-93.9% in oxygen. Its ignition temperature 
in air or oxygen is in the range 565-580°C. The hazard is complicated by the fact that 
hydrogen has a reverse Joule-Thomson coefficient, causing its temperature to increase as 
the gas expands. This aggravates the hazard of small leaks of hydrogen from pressurized 
systems. 


9.2.1. Cathode Construction 

Chlor-alkali cathode design, in both configuration and material of construction, is quite 
variable. In mercury cells, the flowing amalgam itself forms the cathodes, with current 
connections through the steel bottoms of the cells, over which the amalgam flows. Dia¬ 
phragm cells use steel mesh, which is also the support for the diaphragms. The cell 
body, or “can,” is also cathodic. Membrane cells use vertical sheets, usually with per¬ 
forations or engineered shapes to guide the flow of electrolyte and gas. Materials of 
construction include steel, special stainless steels, and nickel. Carbon steel has a relat¬ 
ively high electrical conductivity, but the trend in membrane cell applications is toward 
the more corrosion-resistant materials, and nickel generally has a higher conductivity 
than do the various stainless steels. Membrane-cell cathodes increasingly are supplied 
with active coatings that reduce the hydrogen overpotential. Coated cathodes are most 
common in membrane cells; diaphragm cells are a more difficult application because of 
their geometry and the possibility of hypochlorite attack when the cells are shut down. 
The latter problem is much less severe in membrane cells, but a problem still remains 
with reverse currents that can damage the coatings. These currents flow for a short time 
upon shutdown as the electrolyzers begin to act as galvanic cells. Membrane-cell plants 
based on coated cathodes therefore usually are equipped with polarizing rectifiers that 
prevent the change in polarity and consequent reverse currents. 

Mercury cells and most diaphragm cells are monopolar. Commercial membrane 
cells are both monopolar and bipolar. Section 5.2 discusses the differences between 
these fundamentally different designs. Since anodes and cathodes are structurally distinct 
in monopolar cells, this configuration is less demanding of electrode design. Many 
bipolar designs, on the other hand, impose two different sets of constraints on a single 
assembly. In the simplest form of a bipolar electrode, this would not apply since both 
faces, anode and cathode, would be identical. With its other faults as an electrode 
(especially as an anode), graphite can be used in this way and has been in HCl electrolysis 
for many years. The use of graphite in chlor-alkali electrolysis, on the other hand, 
was abandoned with the advent of dimensionally stable metal anodes. Bipolar titanium 
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electrodes unfortunately are less successful, their chief problem being their performance 
as cathodes. This arises from the extraordinarily high diffusivity of hydrogen (especially 
in the atomic form), which penetrates the metallic structure. It forms titanium hydride, 
which is nonconductive and very brittle. The latter characteristic leads to failure of the 
electrode. In certain types of nonchlorine electrolyzers using bipolar titanium electrodes, 
the sheets were actually reversed in polarity at some point in order to extend their useful 
life. 

Overcoming these problems was an important part of the development of bipolar 
membrane cells. From bonded bimetallic sheets, electrode design has advanced to more 
sophisticated assemblies that prevent titanium embrittlement. As designs have become 
more successful and as the technology has moved toward higher current densities, bipolar 
designs have increased their market share. Chapter 5 illustrates some of the specific 
designs that are now in use. 


9.2.2. Uses of Hydrogen 

9.2.2.1. Summary. In comparison with the principal products of the cells, hydrogen is 
low in value, but it can make important contributions to the economics of chlor-alkali 
production. This section reviews some of its uses, which include synthetic chemistry; 
hydrogenation; portable clean energy, as in fuel cells and welding applications; on¬ 
site production of hydrochloric acid; and fuel. Generally speaking, the higher grade 
applications require more intensive conditioning of the gas. In the hydrogen business 
generally, 90% is produced captively for refinery applications or for synthesis of ammonia 
or methanol. If we consider plants rated at 1,000 tpd, where the economic capacities of the 
three technologies may overlap, we find that a chlor-alkali plant produces about 30 tpd 
of hydrogen, while a methanol plant consumes 125 tpd and an ammonia plant, 175. 
Chlor-alkali plants therefore are not good candidates as principal suppliers of hydrogen 
to the major chemical consumers. 

Most applications require removal of the bulk of the water and some increase in 
pressure. The spectrum of potential uses can be roughly divided into on-site (within the 
chlor-alkali plant) and off-site applications as follows: 


On-site 

Fuel 


HCl 

Off-site 

Chemical 


Refining 


Sale (pipeline or packaged) 


On-site use is always the simpler choice, and using the gas as fuel for a boiler or furnace 
is the simplest of all, but financially the least rewarding. Application as a fuel, therefore, 
is often only as a supplement or a backup when the other outlets fail. 

The most frequent synthetic use of electrolytic hydrogen is the production of HCl, 
which is covered in Section 9.1.9.2. This is a natural outlet for a chlor-alkali produ¬ 
cer, who can use HCl to acidify cell feed brine or depleted brine and to regenerate 
ion-exchange columns. It also allows profitable use of the chlorine contained in the 
liquefaction tail gas. The HCl that can be consumed internally, and so the amount of 
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hydrogen that can be used in its production, is limited and depends on the type of cell 
in use. The few plants that use calcium for sulfate removal can consume more HCl if it 
is used to regenerate CaCl 2 from brine treatment sludge. HCl can also be produced for 
sale, and in some smaller plants, it is in fact a major product. 

Production of HCl uses chlorine that otherwise could be recovered (at a cost) and 
so detracts from its net production. Where there is a reliable outlet for caustic, however, 
the best approach may be to increase electrolytic capacity, use HCl liberally in its in- 
plant applications, and reduce somewhat the severity of liquefaction. This improves 
the quality of the cell gas and allows more chlorine to appear in the tail gas, which is 
the raw material for HCl production. Both these changes reduce energy consumption in 
the liquefaction process. The gross production of elemental chlorine is preserved, all the 
benefits of acidification are obtained, and more caustic is available for use or sale. 

Chemical applications of hydrogen include 

1. the synthesis of ammonia and methanol 

2. the saturation of multiple bonds and the conversion of nitro groups into amines 
(an intermediate step in the production of isocyanates) 

3. nonspecific hydrogenolysis such as the hydrocracking of crude petroleum 

4. refining processes such as hydrodesulfurization and reforming 

While discussion of these processes is beyond our scope, hydrogen has its greatest value 
in this type of application. Most of these applications are growing at faster rates than the 
chlor-alkali industry. Refinery use of hydrogen, for example, has been growing by 5-1% 
per year [114]. All the processes listed require elevated pressure, and some require more 
extensive purification of the hydrogen. Here, compression is discussed in Section 9,2.3 
and purification in Section 9.2.5. 


9.2.2.2. Hydrogen Energy Economy. Electrolytic reduction of water or the hydrogen 
ion produces hydrogen according to reaction (98) or (99), depending on the pH of the 
electrolyte. In acid solution, we have 


2H+ + 2e^H2 

= ±0.00Vat25°C 

2H20 + 2e^H2 + 20H- 
£0 -0.83 V vs SHE at 25°C 


(98) 

(99) 


where and £g are the standard reversible potentials for the two reactions. These 
reactions occur at the cathode in 

1. diaphragm-cell salt electrolysis 

2. membrane-cell salt electrolysis 

3. HCl electrolysis 

4. electrolysis of salts to chlorates 


In mercury-cell electrolysis, hydrogen also results from the reduction of the sodium ion 
to form amalgam followed by the external decomposition of the amalgam. 
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The amount of energy consumed in forming hydrogen as a product can be measured 
by a reverse reaction, its combustion to form water: 

2H2 +02“>2H20 (100) 

This reaction produces about 240 kJ mol“ ^, equivalent to an electrode potential of 1.23 V. 
Adding Eqs. (99) and (100) while adjusting the stoichiometry gives 

2 H 2 O + O 2 -h 4e 40H" (101) 

This has a standard electrode potential of +0.4 V. The difference between the potentials of 
Eqs (99) and (101) is the 1.23 V of Eq. (100). In a chlorine cell operating at 95% current 
efficiency, the difference between the two possible cathode reactions is equivalent to 
980kWhrt-' CI 2 . 

Hydrogen is not always a desired product, and the process of last resort is its 
combustion to recover some of this energy. Here, we consider three ways to recover 
energy from hydrogen: 

1. combustion in a standard burner to produce thermal energy 

2. reaction with oxygen in a fuel cell to produce electrical energy 

3. depolarization of cathodes to allow reaction (101) to occur directly. 

Since the energy consumed by hydrogen formation is in the form of DC electricity, we 
should evaluate these three processes in that light. 

The three techniques listed above all rely on the use of oxygen. Possible sources 
therefore are refined oxygen and atmospheric or enriched air. Under all ordinary cir¬ 
cumstances, atmospheric air is the choice for simple combustion of hydrogen. In the 
other applications, oxygen has special advantages. While oxygen carries a substantial 
raw material cost and adds a new set of hazards to the process, air has its own offset¬ 
ting disadvantages. Nearly 5 mol of air must be compressed and conditioned in order to 
provide 1 mol of oxygen to a cell. Necessary conditioning may include the removal of 
CO 2 , which would react with the electrolyte. 


9.2.2.2A. Combustion. Combustion is the minimum-value and fallback position for the 
use of hydrogen. Hydrogen has a net heat of combustion of 57,800 cals molwhich 
on a weight basis is an extraordinary 28,670kcal kg'^ (130MJkg“^). The fact that it 
issues from the cells as a wet gas detracts from its value as a fuel, because the water in the 
gas acts as a heat sink. It may be worthwhile to condense some of the water by cooling 
the gas before sending it to a burner, and a profitable way to do this is to conserve energy 
by exchanging heat with another process stream, most often the brine at some stage in 
its treatment process. 

The water content of the hydrogen is an especially important consideration in 
diaphragm-cell plants. Because of the low concentration of caustic in the diaphragm-cell 
catholyte, the vapor pressure of water is not greatly suppressed. The water content of 
the gas may well be more than 70%. In a hydrogen cooler that reduces the gas from the 
cell temperature to 40°C, about 90% of the cooling load goes into the condensation of 
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water vapor. In membrane-cell plants, a typical water content in the hydrogen would be 
30-35%, and only about one third as much heat must be removed to cool the gas to 40°C. 
In mercury-cell plants, the higher caustic strength once again causes the water content to 
be lower. In addition to this, the common practice in mercury-cell plants is to cool the gas 
to some extent at each decomposer. This keeps most of the water (and nearly all of the 
mercury that was vaporized) within the process, and the water content in the gas header is 
quite low. Cooling the gas between decomposer and header requires a compact exchanger, 
and a special type of plate exchanger is often used. The corrugated plates are seam- 
welded in pairs, and the plate bundle is welded to tubes at both ends to give an assembly 
of parallel channels for the hydrogen. The shell is a rectangular cast-iron fabrication. 

On the hydrogen side, the disadvantages of standard combustion are: 

1. the capital and operating costs of preparing the hydrogen for combustion 

2. the inefficiencies of combustion and energy-recovery processes 

3. the low-grade application of the energy. 

The last item reflects the fact that conversion of the thermal energy of combustion into 
the form of DC electricity, as used to produce hydrogen, is an expensive process with 
another set of inefficiencies. Recovery of a certain fraction of the energy as process heat 
therefore does not represent recovery of the same fraction of its original value. 

Another practical qualification is that it is seldom attractive to use hydrogen as the 
only fuel even for a burner in a specialized application. The selection and engineering 
of burner systems that can operate with hydrogen as well as with a more conventional 
fuel place some restrictions on design and operation. Burner safety management sys¬ 
tems become very important and need careful review. Most equipment suppliers have 
comprehensive management systems available. 


9.2.2.2B. Fuel Cells. The fuel-cell application takes the hydrogen from the electrolyzers 
and abstracts energy by electrochemical combination with oxygen. Equations (98)-(101) 
still apply. The energy consumed in the brine electrolyzers by Eq. (98) or (99) is 
unchanged, as is the energy theoretically produced by Eq. (100). A major advantage 
of this process over conventional combustion is that the new energy generated by the 
oxidation of hydrogen does not suffer from Camot-cycle limitations and is present in 
the more valuable form of direct current. Using caustic as the electrolyte in the fuel cells 
also gives the possible advantage of producing concentrated caustic directly at the cath¬ 
odes. The anodes then would produce a more dilute liquor for recycle to the membrane 
electrolyzers. 

Ideally, the hydrogen from the electrolytic cells would be fed directly to the fuel 
cells, and the electricity generated in the fuel cells would be fed directly to the electro¬ 
lyzers. Space limitations aside, the addition of fuel cells to an existing electrolytic plant 
would then seem to be a simple retrofit. Unfortunately, the fuel-cell approach suffers 
from both the nonideality of the cells and the complications of delivery of the energy 
derived from them. Fuel cells in practical operation generate only a fraction of the theor¬ 
etical voltage. As to delivery of the energy, general-purpose electrical use would involve 
the expense of conversion from DC to AC. The more direct use in which the fuel cells 
are coupled directly with the electrolyzers has not proved feasible. Figure 9.54 shows 
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FIGURE 9.54. Opposing characteristics of fuel cells and electrolytic cells. 


that one problem with this combination is that the operating curves of electrolyzers and 
fuel cells are incompatible. Plots of current vs voltage for the two types of apparatus 
have opposite slopes. As the current on a line of electrolyzers increases, for example, the 
applied voltage also must increase to offset growing / R losses and electrode overpoten¬ 
tials. If a line of fuel cells must produce a higher voltage, on the other hand, the output 
current decreases. It is not possible to balance the two systems at more than a single 
point. The problem is analogous to the one that has prevented direct energy recovery 
from the exothermic amalgam decomposition reaction. Second-law considerations tell 
us that if fuel cells are to produce the voltage required by the electrolyzers, they will not 
be able to generate the required amperage. As operating load increases or electrolyzer 
and fuel cell performance deteriorates with time, this deficiency grows. 

The use of buck regulators or inverters and transformers to match output and input 
voltages has been suggested, but this adds another layer of cost and inefficiency [115]. 
Another possibility is to divide the electrolytic cells into distinct groups and to operate 
one or more groups with the power generated by the fuel cells. The hydrogen from the 
electrolyzers could be supplemented with an outside source as necessary to stabilize 
the output. A system for recovery of waste heat from the cells becomes necessary if 
economic total energy efficiency is to be achieved. Similarly, it would be possible to 
operate fuel cells in parallel with rectifiers to provide only a portion of the required 
electrolysis power. 

Fuel cells must carry the costs of conditioning the two reactant gases as well as 
their own capital charges. Hydrogen requires transport to the anode side of the fuel cells. 
This is usually by rotary blower, but it also should be possible to operate membrane 
cells at some positive pressure and then to deliver the hydrogen without mechanical aid. 
The temperature and water content of the hydrogen must be considered in the overall 
heat and mass balance. Air and oxygen are candidates for use at the cathodes. The 
classical balance between cost and efficiency determines the choice. With alkaline fuel 
cells, the carbon dioxide in the air is of concern. It can consume the hydroxide value and 
contaminate the end product. It is possible to scrub the air to remove the CO 2 before 
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entering the fuel cells. At least some of the carbonate formed in the scrubber can be 
used in brine treatment. A water scrubber following the decarbonator not only reduces 
entrainment but also serves to humidify the air. This can be useful in preventing excessive 
evaporation from the cells. 

Because of these practical difficulties, fuel cells in tandem with electrolyzers have 
not significantly penetrated the chlor-alkali industry. They have, however, begun their 
breakthrough into power generation. Reductions in the generation of greenhouse gases 
as the Kyoto Protocol takes effect will be a major driver. This trend will be helped by the 
advent of distributed power, in which smaller generators are placed close to the point of 
use in order to supplement the main power supply [116]. 


9.2.2.2C. Cathode Depolarization. Combustion in burners and use in fuel cells both 
depend on the oxidation of hydrogen already formed to reclaim some of the energy 
consumed in the electrolysis of brine. While not strictly a recovery process, a more 
elegant and possibly more effective approach would be to accomplish reaction (101) 
directly at the cathode. None of the equipment costs or energy losses associated with 
handling and reaction of the hydrogen would exist. 

The oxygen-depolarized cathode (ODC), or air cathode, brings about this fun¬ 
damental change in the electrode reaction. The coulombic requirement in a cell is 
unchanged, but the standard electrode potential is 1.23 V lower. Thermodynamically, 
the dilference is equivalent to direct conversion of hydrogen to DC energy. The ineffi¬ 
ciencies associated with the conversion of energy from one form to another disappear. 
The consumption of water in the cathode reaction is halved, and the evaporation of 
water into the cathode-side gas is much less. Any gas vent will still carry water of 
evaporation, but with any commercial form of concentrated oxygen, the flow will be 
less than the amount of hydrogen produced by a conventional cell. In a diaphragm-cell 
plant, these changes add to the evaporator load. In a membrane-cell plant, reducing the 
amount of dilution water added to the circulating caustic compensates for the changes. 
In the example of Fig. 6.9, the reduction would amount to as much as 60-65%. This 
either reduces the demand for high-purity dilution water or makes some of the process 
condensate that would be used for dilution available for other purposes. The use of air 
rather than oxygen as the depolarizing gas would at least double the rate of evaporation 
of water from the catholyte. This still does not fully offset the change in the amount of 
water consumed by the cathode reaction. 

As is the case with fuel cells, depolarized cathodes have been considered for years 
but have not yet found wide commercial use in the chlor-alkali industry. Reports of 
work in the 1970s and 1980s [117,118] described the use of solid-polymer electro¬ 
lyte systems. Microporous electrodes are necessary for electrical continuity in these 
cells, and the cathode reaction takes place in the interior of the gas-diffusion electrode. 
Operating deficiencies include the gradual penetration of gas channels by caustic solu¬ 
tion and the possibility of bulk flow of catholyte into the gas side of the electrodes. 
Section 17.2.2.2 describes more recent work that addresses these deficiencies. The first 
commercial applications are beginning to appear. 

There is a choice to be made between air and oxygen as the depolarizing medium. 
Oxygen is more efficient, but its cost can make cathode depolarization or the use of 
fuel cells unattractive. If we take as our source a standard enriched oxygen from a 
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pressure-swing adsorption process (~94% O 2 ), the cost to the consumer will be about 
$50 per ton. The theoretical consumption of oxygen is 0.225 t/t CI 2 , and the oxygen cost 
as a percentage of the reduction in energy cost is given by 

L = 2,250,000 X/{SPE) (102) 


where 

L = lost value of energy savings, % 

X = cost of oxygen, $ t~^ 

S = energy saved, kW hr t~ ^ CI 2 
P = cost of electric energy, $ /MW hr 
E = conversion of the oxygen supplied, % 

If X = 50, 5 = 700, P =40, and E = 100, then L =40.2%. In other words, the cost 
of the theoretical minimum amount of oxygen alone consumes 40% of the value of the 
energy saved. The incomplete reaction of oxygen can make the real number substantially 
higher. The addition of excess oxygen, other operating costs, and a reasonable return on 
capital would probably make our example economically unattractive. 


9.23. Compression 

Electrolytic hydrogen is quite pure (>99.9%) but has the disadvantages of being gener¬ 
ated in relatively small quantities at low pressure with a high water content. The type of 
machinery used to raise the pressure of hydrogen depends on the final pressure required. 
The gas may be boosted through the processing train by a simple fan. Rotary blowers 
can generate pressures of a few tens of kilopascals. For somewhat higher pressures that 
allow refining and some chemical applications, water-ring compressors are a frequent 
choice. Section 9.1.6.2C covered the principles of these machines. In hydrogen service, 
the water may be supplied on a once-through basis. This removes the need for a seal- 
water cooler by using the equivalent cooling water directly in the machine. The water 
picks up entrained caustic from the gas, and this must be removed from the compressor. 
In a closed system, this requires blowing down the seal water. In most cases, the water 
condensing from the hydrogen in the compressor system will provide a natural purge. 
The use of gas recycle for suction pressure control adds to the total throughput and must 
be reflected in the design capacity. The energy efficiency of these compressors is poor, 
as already pointed out, but they benefit from the cooling of the gas during compression. 
The latter effect reduces the theoretical energy requirement below that corresponding to 
polytropic operation. 

The construction of the compressor and its auxiliaries usually is in ferrous metals. 
Cast iron and ductile iron are widely used for the body of the compressor as well as for 
the water pumps. 

Example. Using an example not related to our reference plant, consider the compression 
of 8,000 cfm (4,704 m^ hr~^) of wet hydrogen at 40°C from one to two atmospheres in 
a water-ring compressor. Since the vapor pressure of water is 55.3 mmHg, the gas holds 
about 695 kg hrof water vapor. About 360 kg hr" ^ condenses if the temperature of 
the compressed gas is held at 40®C. We calculate the work of isothermal compression to 
be 159kW by Eq. (42) in Section 9.1.6.1. Adding 15% for recycle, we obtain 183 kW. 
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Using an efficiency of 35% against this basis, we would require 522 kW. A commercial 
installation of this description was rated at 540 kW. The waste heat generated by the 
machine in our calculation is 522 — 183 = 339 kW. The latent heat of the water con¬ 
densed from the gas adds 225 kW to this, giving a total cooling load of about 565 kW. 
At 0.088 hr“^ kW“\ corresponding to a temperature rise of 10°C in the water, 
the requirement for 30°C cooling water is 50m^hr“^. This exceeds the actual value 
of 42m^hr~^. A cooling water supply temperature of 28°C would account for the 
difference. 

For high-pressure applications, such as ammonia synthesis or packaging of hydro¬ 
gen, reciprocating compressors are used. As pointed out in Section 9.1.6.2A, the 
performance of a centrifugal compressor depends on the molecular weight of the gas 
being handled. With hydrogen, the pressure developed by a given velocity head is quite 
small, and centrifugal compressors are not suitable. While the compression ratio for air 
by a single wheel might be 1.4, the most that can reasonably be achieved with hydrogen 
is less than 1.03. 

Multistage reciprocating compressors in hydrogen service are of ferrous metal, 
such as cast iron. A pulsation damper, a cooler, and a water separator follow each stage. 
Mist eliminators will enhance the removal of water. The condensate can be removed 
through water traps and then discarded or returned to a hydrogen seal pot. The operator 
must recognize that small quantities of hydrogen are dissolved or entrained in the water 
and must ensure that they have a chance to escape safely. The specific heat ratio of pure 
hydrogen is about 1.42, and compression ratios per stage usually are limited to about 2.5. 

Cylinders may be single- or double-acting, and both unloaders and clearance pock¬ 
ets are used for capacity control (Section 9.1.6.3B). If the compressor takes less than 
the full cell output of hydrogen, the excess must be vented. This can be by way of the 
low-pressure seal pots or by controlled venting somewhere in the compression train. 
This can present problems in process control. Section 11.4.2.5A describes some of the 
systems that have been used. 

The exchangers used to cool the gas and the circulating lubricating oil are of standard 
construction and usually operate on plant cooling water. Compressor cylinders frequently 
also are jacketed and cooled. Water used in the jackets should be clean, and frequently 
its source is something other than plant cooling water. One must be careful not to cool 
the gas enough to condense water in the cylinders. At startup, it may even be necessary 
to heat the cylinders. 

Example. We compress our reference plant hydrogen from nearly atmospheric pressure 
up to 3,500 kPa for delivery to a chemical process. The gas first is chilled to 20°C. The 
compression ratio in each stage is limited to 2.5, and the gas is cooled to 40°C after each 
stage of compression. Allowing for interstage pressure drops, we have 


Stage 

Pressure in 
(kPa) 

Pressure out 
(kPa) 

Temperature out 
(°C) 

1 

no 

260 

109.7 

2 

250 

620 

142.0 

3 

600 

1500 

143.0 

4 

1450 

3550 

140.3 
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For a polytropic process, we use n = 1.45. From the physical properties of hydrogen 
and water, we calculate the amount of water held by the saturated gas after each cooler, 
and from that, the amount condensed and the total duty of each cooler: 


Stage 

Condensate 

kghr-> 

Residual water 
kg hr"' 

Duty, kW 

1 

_ 

171.5 

251.4 

2 

76.4 

95.1 

417.6 

3 

56.1 

39.0 

406.6 

4 

22.6 

16.4 

371.1 


Taking the total cooling load to be 1.5 MW, we require a flow of 165 m^ hr“^ of cooling 
water with an 8°C rise. Applying Eq. (44) from Section 9.1.6.1 successively to each of 
the four stages and assuming an efficiency of 75%, the compressor will consume about 
1.75 MW. 

Since the coldest gas enters the first stage, the outlet temperature is lowest there. It 
would be feasible to design for a higher compression ratio in that stage. However, the 
approach used here is simpler, and allowing a slightly higher volumetric flow rate (higher 
water content) at the compressor inlet provides for shutdowns of the hydrogen chiller. 

Pressure control before and after hydrogen compressors is by standard techniques. The 
consumption rate is not always matched to the production rate, and some of the gas may be 
vented from time to time. A split-range controller managing both product hydrogen and 
vent valves can handle this situation. Vent system design requires careful consideration 
of the hazards of hydrogen (Section 9.2.6). 

9.2.4. Cooling 

Water is present in the hydrogen from the cells at a partial pressure equal to its vapor 
pressure over the caustic solution produced. The large differences in cell caustic strength 
therefore are reflected in the composition of the gas. Diaphragm-cell hydrogen is by far 
the wettest; mercury-cell hydrogen, even before the overhead coolers, is relatively quite 
dry (over 45% KOH, less so). Table 9.17 compares the amounts of water accompanying a 
unit volume of hydrogen for the different types of cell in both soda and potash production. 
The operating pressure is assumed to be lOOkPa, except for one special case chosen to 
show the effect of operation of a membrane cell in caustic soda service at modest pressure. 
When the gas is cooled to 40'^C, Table 9.18 shows how the heat duties compare in the 
examples of Table 9.17 as well as in the case of diaphragm cells operating at 95 kPa. 

Particularly with diaphragm cells, ambient pressure can be an important variable. 
The volume ratio of water to hydrogen, in terms of the vapor pressure and the ambient 
pressure FI is 


r = P°/(n - P°) 


(103) 


If the vapor pressure is a large fraction of the total pressure, a small change in either 
one can have a large effect on the amount of water in the gas phase. Table 9.17 shows 
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TABLE 9.17. Water Content of Hydrogen from Cells 


Type of 
cell 

Electrolyte 

Weight% 

caustic 

Temp., 

°C 

Vapor 

pressure, 

kPa 

Volume 

ratio, 

water/H 2 

Relative 
volume 
of water 

Diaphragm 

NaOH“ 

11.5 

95 

61.5 

1.597 

345 

Membrane 

NaOH 

32 

89 

31.66 

0.463 

100 

Membrane 

NaOH^ 

32 

89 

31.66 

0.322 

70 

Mercury 

NaOH 

50 

100 

13.99 

0.163 

35 

Mercury 

NaOH 

50 

80 

6.89 

0.074 

16 

Membrane 

KOH 

30 

89 

42.66 

0.744 

160 

Mercury 

KOH 

45 

100 

32.66 

0.485 

105 

Mercury 

KOH 

45 

80 

14.46 

0.169 

37 


Notes'. 

Also contains 14.5% NaCI. 
Operating at 130kPa. 


TABLE 9.18. Relative Heat Duties in Hydrogen Cooling 


Type of 
cell 

Electrolyte 

Ambient 

pressure, 

kPa 

Operating 

pressure, 

kPa 

Relative 
heat duty 

Diaphragm 

NaOH 

100 

101 

3.7 

Diaphragm 

NaOH 

95 

96 

4.3 

Membrane 

NaOH 

100 

101 

1.0 

Membrane 

NaOH 

100 

130 

0.7 

Mercury 

NaOH 

100 

101 

0.1 

Membrane 

KOH 

100 

101 

1.7 

Mercury 

KOH 

100 

101 

0.3 


that this is most true in the case of the diaphragm cell. If the ambient pressure drops 
from 100 only to 95 kPa, the ratio of water to hydrogen rises to 1.836. For only a 5% 
drop in pressure, this is a 15% increase in the amount of water associated with a given 
amount of hydrogen. It is therefore important to design a hydrogen cooler to operate at 
a reasonably chosen minimum process pressure, and not simply use one related to the 
yearly average atmospheric pressure. 

Hydrogen cooling takes place in conventional shelhand-tube exchangers or in 
direct-contact columns. Carbon steel is the primary material of construction for surface 
exchangers. As with chlorine, the cooling of hydrogen is a condensation process with 
continuously decreasing concentration of water. Coefficients of heat transfer and mean 
temperature differentials are obtained after the fact from point-by-point calculation. 

Direct-contact cooling may be with water or with brine. Water frequently is applied 
in spray columns, and most construction is in carbon steel. Brine, being contaminated 
and more corrosive, more often is used with packed columns and in lined systems. In 
any case, pressure drop is very important on the low-pressure side of a hydrogen system, 
in order to minimize the infiltration of air into subatmospheric zones. In this connection, 
sprays that are cocurrent with gas flow can actually increase the gas pressure. At least 
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in membrane-cell installations, a goal usually is to maintain positive pressure from the 
cells through to the compressor suction. 

The wide variation in the behavior of the gas from different types of cell reflects 
differences in operating temperatures, which also influence the chlorine cooling process. 
More importantly, it also reflects the large differences in water content and super¬ 
heat. Figure 9.55 makes this clear with cooling curves for typical diaphragm-cell and 
membrane-cell hydrogen. The curve for diaphragm-cell hydrogen, with only about 5°C 
superheat, resembles Fig. 9.3, the curve for chlorine gas. Membrane-cell hydrogen is 
quite different. It is cooler to start with, and it has about 15®C superheat. The latter 
reflects the lowering of the vapor pressure by the higher concentration of caustic in the 
catholyte. The curves show that most of the heat is removed while a diaphragm-cell gas 
remains above 86^C. In the membrane-cell case, the 50% point is not reached until the 
gas is cooled to about bb'^C. The mean temperature differential (MTD) in a diaphragm¬ 
cell hydrogen cooler is 60-65% greater than that in a membrane-cell hydrogen cooler 
with the same temperature end-point. 

As was the case with primary chlorine coolers, the MTD in the diaphragm-cell 
case is considerably higher than the AMTD or LMTD calculated from inlet and outlet 
temperatures. The reasons are the same: the duty curve (Fig. 9.55) is concave downward, 
and the degree of superheat is small (as shown by the “tail” at the upper end of the 
curve). With membrane-cell hydrogen, the second of these factors is no longer true. 
The substantial amount of superheat distorts the curve, and much of it now is below 
the straight line connecting the inlet and outlet temperatures. In the particular example 
shown in Fig. 9.55, the true MTD is lower than the LMTD calculated from the terminal 
temperatures. There is too much variation in membrane-cell catholyte temperatures and 
concentrations to state this as a general rule. 



FIGURE 9.55. Heat duty curves—^hydrogen cooler. 
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Example, The hydrogen from the membrane cells is cooled from 89°C to 40®C in a 
single-pass shell-and-tube exchanger. Establishing the cooling and temperature differ¬ 
ential curves, as in the example for chlorine in Section 9.1.3.1, and integrating the latter, 
we find MTD = 22.6°C, Unlike the cooling of chlorine or diaphragm-cell hydrogen, this 
value is less than the LMTD of 25.TC. This is a result of the high amount of superheat 
(18.9°C). 

Of the 3,411 kg hr“' of water present in the gas, 2,811 kg hr “ Ms condensed, and the 
heat load is 2,138 kW. Applying the MTD given above and using a typical heat-transfer 
coefficient of 875 kW m“^ we require approximately 108 m^ of surface. 

Design of hydrogen coolers must provide for a steady decrease in the heat-transfer 
coefficient as diffusion of the remaining water to a cold surface becomes more difficult. 
Because of the generally higher diffusion coefficients in hydrogen systems, the effect is 
less marked here than in the case of chlorine cooling. 


9.2.5. Purification of Hydrogen 

While cathode reactions tend to be quite efficient, low concentrations of mercury and 
oxygen may be objectionable. Sections 9.2.5.1 and 9.2.5.2 deal with their removal. 
Volatile impurities in the catholyte may also contaminate the hydrogen. This is most 
likely in diaphragm cells, and Section 7.5.8.5 gave an example in which the removal 
of ammonia from brine reduced the concentrations of chloramines and other nitrogen 
compounds in the hydrogen. 


9.2,5.1. Removal of Mercury. Mercury is quite volatile for a metal, and its concentration 
in the hydrogen gas produced in a mercury cell is many times higher than the acceptable 
limit. The techniques used to remove the mercury can be divided into those that reduce 
its vapor pressure and those that reduce its concentration to even lower partial pressures. 
Figure 9.56 shows a typical process consisting of three steps: cooling, chilling, and 
adsorption. Cooling and chilling belong to the first category and adsorption to the second. 
The gas may also be scrubbed with an aqueous stream between the heat exchanger(s) 
and the adsorber. We shall see below that scrubbing may belong to either of the above 
categories. The objective is the reduction of the mercury content of the gas to a very low 
level, and the adsorption process is the most effective method for assuring this. Single- 
step treatment is technically feasible, but the amount of adsorbent required would be 
very large. The other two steps therefore may be regarded as pretreatment that reduces 
the load on the third step. 

We have already discussed the process of hydrogen cooling in Section 9.2.4 and 
noted that most of the cooling occurs above the decomposers, with a separate exchanger 
mounted for each cell. The condensate, water, and mercury, returns to the cells. The 
gas in the header can be cooled further, before or after compression, and chilled water 
can be used to enhance the removal of mercury. The configuration of the cooling sys¬ 
tem and the thermal duties at each step depend on the characteristics of the various 
utilities. Using chilled water to cool the hydrogen reduces the mercury content to a rel¬ 
atively low level. Water at 5°C or lower can reduce the gas temperature to 7-8°C and 
the mercury content to about 5mgm“^. There are several possible approaches to the 
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H2 from 



FIGURE 9.56. Removal of mercury from hydrogen. 


use of chilled water: 

1. Accept chilled water at a higher temperature, as produced for the purpose of cool¬ 
ing chlorine gas (Section 9.1,3.5 A), and so allow a higher mercury concentration 
in the next stage of treatment. 

2. Produce chilled water in the utility section of the plant at the temperature desired 
for hydrogen chilling, and temper the water to the chlorine system by allowing 
some of the return to bypass the water chiller (cf. Fig. 9.30). 

3. Provide local refrigeration to control the temperatures in the hydrogen chiller 
and scrubber. 

The hydrogen chiller resembles the chlorine coolers in its design. It is mounted vertically, 
with downward flow of the gas. The bottom head serves as a gas-liquid separator, and 
the condensate flows on to a receiver. The condensate separates into two phases, and the 
receiving vessel should be designed for easy removal of the metal. The water will be 
contaminated with mercury and so must be returned to the process or treated carefully 
before being discharged (Section 16.5.5.3). 

Removal of mercury by scrubbing is enhanced when the metal reacts with the 
scrubbing solution. Mercury in its metallic state is highly insoluble in water and has 
no opportunity to react. Scrubbing with pure water, unless it incidentally cools the gas, 
is ineffective. Certain mercuric salts, however, are more soluble, and oxidation of the 
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metal can allow it to dissolve. In chloride solutions that contain free chlorine, mercury 
not only oxidizes to the +2 state but also complexes with chloride ions. The degree of 
complexation depends on the concentration of Cl“ in solution. A low concentration of 
free chlorine is sufficient for oxidation of the mercury, and depleted brine is a convenient 
source. With such a high chloride content in the solution, the mercuric ion associates 
with close to the maximum possible number of chloride ions, which is four. The form of 
the ion therefore is HgCl^”. When a gas stream containing mercury vapor is scrubbed 
with a brine solution containing free chlorine, the mercury will be found in solution as 
Na 2 HgCl 4 or K 2 HgCl 4 . When this mercury-laden brine returns to the cells, the reduced 
metal deposits onto the flowing amalgam cathode. 

The scrubber should operate at essentially the same temperature as the chiller. 
Normal practice is to minimize fresh solution input by recirculating the scrubber liquor 
through a cooler, which can be on the same coolant circuit as the hydrogen chiller. Passage 
of the gas depletes the hypochlorite and deposits more condensate, which contributes 
its latent heat to the duty of the recirculation cooler. The process therefore requires 
replenishment of hypochlorite and removal of accumulated water. A simple approach is 
to provide a small continuous addition of depleted brine and to remove liquid from the 
bottom of the scrubber column under level control. Any hypochlorite or free chlorine 
carried from the scrubber must be removed from the hydrogen. A second wash column 
using cold water or brine serves this purpose. A small amount of reducing agent may be 
added to reduce hypochlorite or chlorine to chloride ion (Section 7.5.9.3A). 

Finally, mercury can be adsorbed from vapor by activated carbon or molecular 
sieves. Again, extra measures can reduce the volatility of the adsorbed species. The low 
volatility and low solubility of mercuric sulfide are the basis for a number of mercury- 
control processes in both the liquid and the vapor phase. The metal has a high degree 
of affinity for sulfur and is easily captured by that element (hence the name mercaptans 
for organic -SH compounds). The activity of an adsorbent therefore is improved by 
impregnating it with sulfur. This behavior is put to use by treating activated carbon with 
sulfur or sulfuric acid [119]. The activity of the carbon is enhanced, and hydrogen has 
been produced with less than 5 |xg Hg m“^. A typical carbon contains more than 10% S 
and is manufactured preferably from bituminous coal [120]. When operated at about 
25°C with a gas feed space velocity of 5 min“\ it has capacity for as much as 20% Hg. 
Typical pressure drops for the bed itself are 30 mm w.c. Results are better when the gas is 
dry, and it is especially important to avoid condensation of water from the gas. Keeping 
the gas a few degrees above ambient or precooler temperature normally is sufficient. The 
high capacity for mercury translates into long run times for the adsorbent, and on-line 
regeneration is not an important concern. Removal of the carbon from the bed and firing 
in a retort can recover nearly all the mercury for reuse. 

More specialized materials also may be used. Adsorption on copper/aluminum 
oxide or silver/zinc oxide reduces the mercury level to less than l|xgm“^ [119]. 

Another technique for reducing the partial pressure of mercury below its vapor 
pressure at line temperature is the formation of calomel. The basis for this process is the 
easy conversion of mercury, in the presence of excess chlorine, to calomel (mercurous 
chloride, Hg 2 Cl 2 ): 


2Hg + Cl2 Hg2Cl2 


(104) 
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FIGURE 9.57. Reduction in mercury vapor concentration by formation of calomel. 


The utility of the process lies in the fact that calomel has a much lower vapor pressure 
than mercury. Figure 9.57 compares the partial pressures of mercury in a gas saturated 
over the metal and over calomel. After calomel forms, it can be removed by allowing it to 
deposit on the packing in a column. Salt is one possible choice of packing; the mercury 
value then returns to the process when the salt is dissolved to prepare brine. The process 
has been applied to vent streams (hydrogen or end box ventilation air) and to hydrogen 
in a recovery system. When the hydrogen is to be recovered, any excess chlorine used 
in reaction (104) must be removed in another reactor. This process is an enhancement 
of hydrogen cooling but not so effective as adsorption. For this reason, it is not widely 
used in the most recently installed treatment systems. 


9.2.5.2. Removal of Oxygen. For many of its chemical uses, hydrogen should be scrupu¬ 
lously free of oxygen. Small amounts are always present as a result of cell inefficiencies, 
air dissolved or entrained in process streams such as caustic dilution water, and infiltration 
and even diffusion of air into the process. This oxygen can be removed by catalytic recom¬ 
bination with the hydrogen. Typical catalysts are precious metal (Pt or Pd) on siliceous 
carriers. After compression to about 3 bar and cooling to about 40'^C, the gas is passed 
through an oil adsorber and then over a catalyst bed. Ten seconds would be a typical 
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retention time. The gas then is brought to a temperature close to 0®C in one or two steps 
and finally passed through a drying system. 

In the allied technology of electrolytic production of chlorates, cathode current 
efficiencies are not as good as in chlor-alkali electrolysis. Oxygen contents are higher, 
and the heat of oxidation is substantial. It may then be necessary to carry out the reaction 
in two stages with intercooling. 

9,2,6, Hazards 

The introduction to Section 9.2 presented some of the hazards associated with hydrogen. 
The most familiar of these is its flammability, and it is necessary to construct a system 
that is reliably free of leaks. The small molecular size and resulting high diffusivity of 
hydrogen make it especially likely to leak, even from a system that tests essentially gas- 
tight on air. The very pale or colorless flame is nearly invisible and very hard to detect. 
Patrolling a cell room at night is often the best way to discover small hydrogen leaks. 
Finally, hydrogen also has the ability to diffuse into carbon steel and cause lamination 
and the loss of strength. This is similar to its action on titanium [121], Its effect on 
steel is attributed to its reaction with carbon, forming methane [113]. Figure 9.58 is a 
version of the familiar Nelson plot showing the exposure conditions that lead to hydrogen 
embrittlement of steel [ 122]. 

The simplest way to handle hydrogen is to vent it from the electrolysis system, and 
many small plants have done this. Section 8.2.2 addresses cell room design to prevent 
accumulations of hydrogen gas and to provide electrical safety. Venting was a more 
common approach in the past when profit margins generally were higher and energy 
costs lower than they are today. Still, there are occasions in any plant when hydrogen 
must be vented, and vented safely. Low-pressure systems use water seals similar to those 
in chlorine service (Section 9.1.10.1). These function as emergency relief devices, but 
at least some of them have adjustable seals that allow the hydrogen to be vented when 
the operator chooses. This may be during a temporary outage in the hydrogen-receiving 
process that does not justify shutting down the electrolyzers. Water seals become less 



FIGURE 9.58. Operating limits for steels in hydrogen service (Nelson plot). 
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serviceable as operating pressure increases. Mechanical relief devices are preferred in 
membrane'Cell lines operating under modest pressure [123], and standard pressure- 
control valves allow controlled venting. The different approaches to control of cell-room 
hydrogen systems are explored in Section 11.4.2.1. 

Many plants cool their hydrogen by contact with water or brine before sending it on 
to compression and further processing. When a plant has two or more trains processing 
hydrogen, some mutual isolation of the trains is necessary. The low-pressure seal pots 
must be placed in line before the isolating devices. Somewhere after the compressors, the 
separate trains usually combine into one. This may be split again to provide redundancy 
in a single-use plant or to deliver hydrogen to a number of separate users. In any case, 
pressure relief is again necessary. When pressure is modest, as in the delivery of hydrogen 
to a utility plant, seal pots again may be appropriate. There usually is no reason to provide 
the adjustable overflow used when protecting the cell-room headers. 

There is a fire hazard when hydrogen is vented, and tips of vent stacks are common 
scenes of fires. The top of each stack must be located in a safe location, well away from 
the roof of any building and in a spot where operators will not be subjected to too much 
radiant heat during a fire. Tops of stacks should not be constructed of a consumable 
material like fiberglass. 

Because of the fire hazard, many vent stacks are equipped with nitrogen and steam 
connections. A small flow of nitrogen can maintain a nonflammable atmosphere in the 
stack to prevent ignition when a release of hydrogen first begins. A blast of steam can 
extinguish any fire that does occur at the tip, but the volume required often makes this 
approach impractical. Fires are especially likely when the atmosphere is disturbed. When 
two stacks are available, a common technique when venting during thunderstorms is to 
manipulate the seal levels to switch the venting point back and forth. When a fire occurs 
at a stack, the seal level in the other stack is dropped, and then the level in the first stack 
is raised to stop the flow of gas. This snuffs the fire, and a flow of steam cools the stack 
to prevent reignition when the stack is used again. 

While lightning strikes are a likely cause of fire, they are not the only one. Corona 
discharge also may cause ignition. This can occur at the discharge point at any time. 
Installation of a NASA toroidal ring [124] is said to prevent ignition. This is a simple 
ring made of small (usually 25 mm) tubing and attached to the top of a stack. 

Another unusual property that is of great importance in a chlor-alkali plant is the 
combustibility of mixtures of hydrogen and chlorine. Discussion of this hazard is in 
Section 9.1.11.1. 

There is also the question of electrical classification of cell rooms. As noted in 
Section 8.5.1, most cell rooms are not classified as hazardous when the appropriate 
precautions for venting of hydrogen have been made. This remains an issue to be decided 
for each plant on its own merits. 


9.3. CAUSTIC SODA AND POTASH 
9.3.7. Products of the Various Cells 

As elsewhere in this book, the term “caustic” when used alone usually refers equally to 
NaOH or KOH. Much more information is available in the literature on caustic soda, 
NaOH. 



PRODUCT HANDLING 


945 


93.1.1. The Diaphragm Cell. Among chlor-alkali electrolyzers, the diaphragm cell is 
unique in not having a separate external discharge of anolyte. As with the other types of 
cell, brine flows into a chamber where it is exposed to the action of the anodes. The anolyte 
formed then flows in bulk through the diaphragm and into the cathode chamber. After 
electrolysis of some of the water, the catholyte leaves the cell as the only liquid-phase 
product. 

The undischarged chloride is therefore mixed with the hydroxide formed in the cell. 
Because the oxygen evolution reaction becomes competitive with chlorine formation, it 
is not feasible to convert much more than 50% of the salt to chlorine in any cell, and 
the product liquor contains approximately equal amounts of chloride and hydroxide. 
The high concentration of chloride in the caustic liquor is the distinguishing feature and 
major disadvantage of the diaphragm cell. 

Nearly all applications of caustic soda require separation of the chloride from the 
hydroxide. In sodium-brine electrolysis, fortunately, the phase equilibrium allows a 
rather effective separation by evaporation of the liquor. If water is removed until the 
concentration of NaOH approaches 50%, nearly all of the NaCl falls out of solution. 
After cooling, the residual concentration is about 1.0-1.1%. This removal of salt causes 
the concentration of NaOH to increase. The solution produced by evaporation there¬ 
fore can contain somewhat less than 50% NaOH. This is discussed in some detail in 
Section 9.3.3.3. Dissolved salt is not acceptable in some uses of NaOH, and so there 
has always been a split market. Part has been reserved to a purified version of the 
diaphragm-cell product and to mercury-cell, and now membrane-cell, NaOH. 

The KCl-KOH phase diagram is less favorable for salt/caustic separation, and so 
KCl is not usually electrolyzed in diaphragm cells. 


9.3.1.2. The Mercury Cell. In the mercury-cell process, the anolyte, or depleted brine, is 
taken from the cells for processing and eventual recycle. Sodium or potassium ions in the 
brine are discharged by amalgamation with the flowing mercury cathode. The amalgam, 
which contains 0.1-0.3 wt% alkali metal, undergoes separate electrolysis in the presence 
of pure water. Both the amalgam itself and the water that reacts with the amalgam and 
forms the product solution flow into a denuder, or decomposer, which usually is packed 
with graphite. The amalgam and the water are in countercurrent flow. A short-circuited 
cell results, and NaOH or KOH forms, along with hydrogen. The concentration of the 
product solution is fixed by the strength of the amalgam and the ratio of its flow to that 
of water. The major economic advantage of the mercury cell is that it produces NaOH 
or KOH solution directly at commercial concentration. With the significant exception of 
mercury contamination, the products also are of outstandingly high purity. 

The mercury cell is not limited to 50% NaOH or 45-50% KOH. It is possible to pro¬ 
duce higher concentrations simply by reducing the flow of water to the decomposer. The 
lower flows can create hydraulic inefficiency. The proper statement is that by reducing 
the water flow, one can increase the caustic strength so long as control of the process can 
be maintained. Mercury-cell decomposers easily can produce 60% NaOH, and with some 
modification 70% [125,126]. The higher concentrations are of some value when there is 
a market for more concentrated solution or when anhydrous caustic is to be produced. It 
is also advantageous when mercury cells are to operate in parallel with membrane cells. 
A simple way to expand capacity by combining the operation of the two types of cell 
without the expense of an evaporation plant is to produce high-strength caustic in the 
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amalgam decomposers and blend it with the weaker membrane-cell product. With this 
technique, production can be expanded by making r units of caustic in membrane cells 
for every unit produced in mercury cells: 

r = WmiWHg - U)p)/wi{g(wp - Wm) (105) 


where 

r = ratio of membrane- to mercury-cell caustic produced 
Wm = weight fraction caustic in membrane-cell product 
WHg = weight fraction caustic in mercury-cell product 
wp = weight fraction caustic in blended product 

The base case in this comparison is the mercury cells operating alone and producing 
50% caustic. If the mercury-cell plant produces 60% NaOH and the membrane-cell plant 
30% NaOH, then, a 25% expansion with membrane cells is possible. This approach to 
expansion will change the economic optimum catholyte concentration in the membrane 
cells. Increasing this to 35% allows a 39% expansion. Combining this higher concentra¬ 
tion with a mercury-cell product at 70% NaOH would permit a 67% expansion. Reducing 
the concentration of the final product also helps. Thus, a plant whose end-product is 48% 
NaOH or 45% KOH can be expanded to a greater degree. 

Two disadvantages of this approach are the constraint on membrane-cell capacity 
and the fact that all the caustic can be regarded as the less marketable mercury-plant 
product. A larger membrane capacity can of course be installed to eliminate the first 
disadvantage and alleviate the second, but only at the expense of installing and operating 
an evaporator. 

Higher concentrations from the decomposers also have disadvantages. Product 
handling eventually becomes more troublesome as the freezing point and viscosity (espe¬ 
cially in the case of NaOH) increase. There is also a thermodynamic price to be paid; the 
electrode potential increases along with concentration, and the cells therefore consume 
more energy. 

An alternative that overcomes some of the disadvantages of the blending approach is 
to use the membrane-cell caustic liquor as the aqueous feed to the amalgam decomposers. 
This requires closer control of the process and perhaps redesign of the decomposers [125], 
but it allows considerably more expansion of production and never requires handling of 
the product above the sales concentration. The greater expansion is a consequence of 
the change in the water balance. The membrane cell liquor now no longer only acts 
as a diluent but also provides water for hydrolysis of the amalgam and the water that 
evaporates from the decomposers along with the hydrogen. In the case of NaOH, about 
45 kg of water are consumed by production of 100 kg of product. If the solution is 50% 
NaOH, another 5.7 kg of water leave with the hydrogen gas. 


9,3.13, The Membrane Cell. The membrane cell, like the mercury cell, produces a 
stream of depleted brine for recycle. On the caustic side, it represents an intermedi¬ 
ate case between the other types of cell. The caustic concentration is higher than in 
diaphragm-cell liquor but evaporation is still necessary. Because the flow from anolyte 
to catholyte is primarily by transfer of water and alkali metal ions through the membranes, 
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the leakage of the chloride value is much lower than in diaphragm cells. Smaller and 
simpler concentrating evaporators replace the large salt-crystallizing units needed in the 
diaphragm process. 

Chloride concentrations in the catholyte are measured in tens of parts per million. 
These concentrations are not so low as those in the mercury cell and are of concern in cer¬ 
tain applications. The same can be said of chlorate concentrations. The concentrations of 
these impurities in the product are functions of their speed of transport through the mem¬ 
branes relative to the speed of the cation. At lower current densities, these relative rates 
are higher. Moreover, at shutdown there is still a slow transfer of anions across the 
membranes. These effects can lead to problems in maintaining tight specifications when 
production is curtailed. They are particularly troublesome in the production of KOH. 

The caustic concentration in a membrane cell is controlled by addition of water to a 
recycle caustic stream or directly into the catholyte. The optimum concentration depends 
primarily on the type of membrane used. Each membrane has its own characteristics, 
and operating concentration is chosen to give the best balance of voltage, membrane life, 
and current efficiency (with a view to the expense of evaporating to sales concentration). 
With today’s high-performance membranes, the optimum concentration for NaOH is 
usually 30-35%. In later sections of this chapter, we use 32% as a standard. KOH is 
usually produced at 29-32%, depending on the type of membrane used. 

Some older types of membrane were optimized at lower concentrations. There are 
still plants that operate with these membranes and produce caustic usually in the range 
20-25%. While energy efficiency suffers in these plants, brine purity specifications may 
be less stringent [127]. 

On the other hand, there have also been efforts to develop membranes that can 
operate at substantially higher concentrations, ideally at 50% NaOH. These so far have 
not found commercial acceptance, because they usually suffer in the efficiency of their 
performance [128]. Still, the high-concentration membrane remains one of the industry’s 
ultimate goals. 


9.3.2. Processing of Caustic Liquors 

Each type of chlor-alkali cell has a distinctive process for handling its caustic liquor. 
Mercury-cell caustic is simply filtered to remove particulates, including mercury, cooled, 
and stored as finished product. The only evaporation required, and that in relatively 
few plants, is the minor operation of concentrating some of the NaOH from 50% to 
about 73%. Diaphragm cells, on the other hand, are burdened with a highly complex 
process including evaporation combined with crystallization of NaCl. Centrifugation 
and filtration remove that salt from the NaOH liquor, and it is recovered as a slurry and 
returned to the brine system. Cooling the NaOH before storage allows another, relatively 
small, amount of NaCl to crystallize, and this also must be separated from the liquor. 
Membrane cells differ from the others by recycle of some of the product around the 
cells. A fairly high recycle ratio is maintained, and this stream is diluted to control the 
concentration in the cells and cooled to control the temperature. The net production of 
caustic flows forward to evaporation, cooling, and storage. 

The paragraph above describes the main lines of the processes. Other processing 
common to all types of cell includes dilution to a concentration suitable for general 
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plant use, frequently about 20%, and the use of a caustic liquor to scrub chlorine from 
vent streams. More specialized processes include purification of diaphragm-cell NaOH to 
remove residual NaCl and production of anhydrous NaOH and KOH. The latter processes 
are described separately in Sections 9.3.4.1 and 9.3.5. 

This section begins with a review of the materials of construction used in caustic 
service. It then turns to the common operations of pumping, cooling, and filtration before 
concluding with a discussion of storage, loading, and unloading. Evaporation is a major 
subject in its own right and appears below in Section 9.3.3. 


93.2,1. Materials of Construction. Chapter 14 discusses the fundamentals of corrosion 
and should be consulted for general background. This section surveys industrial practice 
in caustic processing units. Caustic producers handle their materials at concentrations 
ranging from very dilute up to anhydrous and at temperatures ranging from below ambient 
up to, in the case of molten anhydrous caustic, more than 400®C. Corrosion experience 
with NaOH and KOH solutions varies just as widely, which accounts for the bewildering 
assortment of materials of construction used. The presence of salt and brine impurities 
in diaphragm-cell NaOH adds another variable. These inclusions tend to make caustic 
soda solutions more corrosive. This fact created problems during the major conversion of 
the Japanese industry from mercury to diaphragm cells in the 1970s [129]. With today’s 
trend of converting diaphragm-cell plants to membrane technology, corrosivity in the 
caustic section generally is reduced. 

Caustic soda and potash react rapidly with aluminum, zinc, tin, and copper. Many 
failures have been caused by use of these metals in minor components of equipment. 
Some of these reactions present another hazard by evolving hydrogen. The loss of zinc or 
aluminum can also destroy brasses and bronzes. This effect depends on the severity of the 
exposure; bronze is sometimes used in ambient-temperature service in utility (20-25%) 
caustic. 

With certain other metals, caustic solutions react to form passivating films of 
insoluble hydroxides on the metal surfaces. Hotter, more concentrated solutions tend 
increasingly to react directly with the metals. As the severity of the application increases, 
therefore, the various metals gradually become unsuitable. KOH is at least as corrosive 
as NaOH, and its applications are on the whole more sensitive to contaminants. 

Carbon steel is satisfactory for all concentrations at ambient temperatures. 
Figure 14.21 shows the influence of concentration on service temperature and indic¬ 
ates that stress relief extends the acceptable temperature range (area B). Some users 
in any case restrict the use of carbon steel with 50% NaOH to a maximum of 55®C. 
This limitation reflects concern for product contamination as well as for the gradually 
increasing rate of corrosion. 

Solid caustic itself is not corrosive and it, too, is handled and stored in carbon steel 
equipment. It is very hygroscopic, however. Its corrosivity and the flow properties of the 
commercial forms are sensitive to moisture. Packages are lined and carefully sealed to 
prevent corrosion and product degradation. 

Figure 9.59 is more comprehensive than Fig. 14.21 and divides the liquid range 
for all temperatures up to 200®C into four zones [130]. This is an excellent broad 
summary of the useful ranges of many of the materials still used in caustic service. 
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FIGURE 9.59. Materials of construction for NaOH. I. Cast iron, steel, stainless steel, copper alloys, nickel, 
many plastics and elastomers; IL Steel, Monel, Hastelloy B and C, Zirconium, nickel and its alloys, neoprene; 
III. Monel, Hastelloy, Inconel, nickel; FV. Cast iron, nickel, silver; V. Steel, stainless steel, nickel and its alloys. 


TABLE 9.19. Relative Corrosion 
Rates of Metals in 50% NaOH 


Metal 

Corrosion rate 

Inconel 

0.8 

Nickel 200 

1.0 

Monel 

1.2 

Copper-Nickel (70-30) 

2.4 

18-8 Stainless steel 

4.2 

Ni-Resist (Type 1) 

8 

Mild steel 

33 

Cast iron 

38 


Note'. All data are based on 100-day exposure. 


Alloys are preferable to carbon steel at higher temperatures, with nickel alloys the most 
corrosion-resistant. Table 9.19 compares the corrosion rates of various metals in 50% 
NaOH at 55-75°C. All rates are relative to that of nickel [131]. The first two lines of 
the table indicate that Inconel is slightly better than nickel itself. This is not generally 
true, and performance depends on the exact alloy chosen. The proper interpretation of 
the table is only that both these materials give excellent performance in caustic service. 
Section 9.3.2.2 on caustic piping systems gives more information on the practical choice 
of materials as a function of temperature and solution concentration. 

The less resistant metals of Table 9.19 may still have some application at lower con¬ 
centrations. Ni-Resist pumps, for example, are frequently used to circulate approximately 
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30% caustic around membrane cells. Ni-Resist is a form of cast iron with sufficient nickel 
to give an austenitic structure. Types 2 and 3, with higher nickel contents than the alloy 
in Table 9.19, are preferred in this service. Exchangers for more dilute solutions may 
have stainless-steel tubes or plates. The austenitic Types 304 and 316 stainless steel are 
useful in 50% NaOH up to about 70°C. Results beyond that point are variable, with 
a tendency for the metal to lose its passivation. The effect of NaCl in diaphragm-cell 
caustic is not always clear. 

Ferritic stainless steels in general are less resistant than the austenitics and are 
subject to caustic cracking. Cupronickel tubes are occasionally used for low- to medium- 
concentration caustic at mild temperatures and with restrictions on fluid velocity. These 
alloys are also resistant to hot 70% NaOH, but only in the complete absence of oxidants. 
Monel has a number of applications, but its use can be restricted by the slow development 
of color due to copper contamination. It is a frequent choice for processing equipment 
in the salt-recovery section of the diaphragm-cell process (Sections 9.3.2.5 and 9.3.2.6). 

Nickel and its alloys are the materials of choice for the most difficult duties. Only 
the nickel materials can meet special requirements like those found in manufacture of 
anhydrous caustic. They are also widely, but not universally, used in caustic evaporators. 
Requirements in a multiple-effect system vary from one effect to another. While nickel 
always gives superior performance, stainless steels can be an economic choice for parts 
of the system. A number of evaporators use stainless steel in part of the system, reserving 
nickel for the most onerous duty in the first effect. 

The family of nickel alloys is large. Dillon [132] divides them into two groups: those 
that rely on the resistive properties of nickel itself, and those that include chromium and 
depend on its forming a passive film. Stainless steels have a similar chromium-passivation 
effect, but we do not include them here among the nickel alloys. 

The chromium-free alloys include nickel itself and copper alloys such as Monel. The 
success of nickel in strong alkalis depends on development of a passive hydroxide film. 
It is fairly resistant to many acids hut is unsuitable in strong oxidizing environments. 
The most common grades are nickel 200 and nickel 201. The former contains up to 
0.1 % carbon. On prolonged heating, the carbon can precipitate at temperatures as low 
as 315°C. Nickel 201, with a carbon content less than 0.02%, therefore is preferred at 
least in first-stage evaporators and in molten anhydrous caustic service. 

Chromium-bearing nickel alloys may also contain iron or molybdenum. Inconel 
600 is a low-iron (<10%) alloy. Its resistance is similar to that of nickel, and it is 
mechanically stronger. It is favored for such items as heating coils and exchanger plates. 
It is subject to stress cracking under severe conditions and so should be stress-relieved. 
Alloy 600 actually is superior to nickel in the presence of sulfur bodies. The formation 
of a nickel-nickel sulfide eutectic results in intergranular penetration of ordinary nickel. 

Nickel and many of its alloys generally have exceptional resistance to stress- 
corrosion cracking [133]. In most situations, higher nickel compositions have more 
resistance to stress corrosion by hot 50% NaOH, but under aerated conditions, 
nickel-chromium alloys are superior [134]. 

Addition of molybdenum to nickel-chromium alloys produces grades such as 
Inconel 625 and Hastelloy C276. These alloys are practically unaffected by caustic 
up to at least 320°C [135]. Their high costs limit their application. An exception is 
the use of Alloy 625 in high-pressure steam expansion joints. This avoids the caustic 
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cracking suffered by austenitics and the chloride pitting corrosion found with Alloy 600. 
Hastelloy C276 is used in dual-purpose applications such as the plates in brine-caustic 
heat exchangers. 

Some caustic evaporators also have been based on ASTM TP XM-27, a special 26-1 
ferritic stainless steel [136]. This material, best known under the trade name E-Brite, 
is a high-chromium alloy (26% Cr, 1 % Mo) with very low concentrations of inclusions 
such as carbon, nitrogen, and oxygen. The latter fact explains its superior resistance and 
workability compared to other ferritics. It can be cheaper than nickel, but heat-exchange 
areas are 10-15% larger, because E-Brite has a thermal conductivity only 30% as great 
as that of nickel. It must be used with caution in some first-effect environments, where 
the range of passivation is narrower and the probability of corrosion and intergranular 
attack greater [137]. Failures have occurred, and Schillmoller [135] attributes them to 
high first-effect temperatures, hot spots due to blockage of tubes by insoluble salts, and 
contamination of tubes with minute quantities of hydrocarbon. The last effect arises from 
the absorption of carbon by the metal. This disrupts the extra-low interstitial nature of 
the alloy and removes its advantage. Because of these problems in the field, E-Brite is 
no longer specified for caustic evaporators. 

The deleterious effects of hot spots are well known, and they can also play a role in 
the damage of higher alloys, particularly when the base operating temperatures already 
are high and little margin for error remains. This is the case in most quadruple-effect 
evaporators, and causes of corrosion problems are not always easy to discover. 

Even those evaporators fabricated from nickel 201 show some corrosion in the 
caustic environment. Corrosion of nickel is a complex phenomenon. If the passivating 
layer referred to above is destroyed, the resistance of the metal is much lower. Thus, 
caustic evaporators must be protected against the hypochlorite that might be present 
in diaphragm-cell liquors. Other factors that have been considered are the presence of 
chlorate [138] and the effects of heat flux. Yasuda et aL [139] show that heat flux in 
itself is a factor because of locally high concentrations and temperatures and because the 
formation and detachment of bubbles at a heated surface tend to disrupt the passivating 
film. Chlorates are unquestionably a factor when anhydrous caustic is produced (see 
Section 9.3.5.2). In that process, they are intentionally destroyed before entering the 
high-temperature evaporator by addition of a reducing agent. But in the standard 50% 
evaporator, erosion corrosion is more likely to be the cause of failure [140]. The work 
reported on this aspect used a rotating cylindrical electrode to produce Reynolds num¬ 
bers equivalent to the velocities at various points in an evaporator system. The results 
correlated with practical observations and indicated that: 

1. there is no discernible effect of the presence of chlorate ion 

2. the presence of gaseous oxygen likewise has no effect 

3. corrosion rates increase linearly with the rate of rotation of the electrode (and 
by implication with pipeline velocity) 

4. welds corrode much more rapidly than the bulk of the metal. 

The mechanism of corrosion involves oxidation of the metal to HNiO J. It seems 
logical that this reaction might be reversed in the presence of a hydrogen donor. Hydrogen 
itself reduced the rate of corrosion significantly, but best results were obtained by addition 
of such compounds as NaBH 4 [141]. Corrosion of nickel is most likely or most severe at 
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the high temperatures in the first effects of quadruple-effect diaphragm-cell evaporators, 
where a number of plants now apply this technology to reduce their corrosion problems. 

Welds and the surrounding heat-affected zones are more likely to corrode than are 
unstressed areas. Welding electrode 141 has been a standard with nickel. Crum and 
Lipscomb [142] report that NI-ROD welds are more resistant. 

Because of the high cost of nickel, it is often used in clad construction. Carbon 
steel provides much of the structural strength, and a thinner layer of nickel is bonded 
to the steel. Vessels and tubesheets are often nickel-clad. Nickel plating is also used in 
some less-demanding applications. Plating is applied electrolytically or by means of a 
baked-on coating from solution application (electroless nickel). In the electrodeposition 
process, local thickness depends on local current density. Section 10.3 discusses some 
of the difficulties in obtaining uniform current density over the surface of a large or 
complex part. With good agitation and the right chemistry, this problem does not exist 
with electroless nickel [143]. Deposits are more uniform. Electroless nickel also becomes 
harder with heat treatment. This behavior is in contrast to that of standard forms of the 
metal, and it improves the wear resistance of the coating. This is of particular value in 
pump and valve applications. 

Electroless coatings form by the reduction of nickel ions by hypophosphite (usually 
monobasic sodium hypophosphite, NaH2P02). The treating solution contains an excess 
of nickel. Rates of precipitation depend on temperature and pH, and control of these 
variables allows control of the properties of the coating, in particular its phosphorus 
content [144]. The oxidized phosphorus compound releases hydrogen ions, which tend 
to reduce the pH of the solution. The formulation therefore usually contains acetate or 
citrate buffers. 

High-phosphorus coatings (10-13% P) are more resistant to acids, while low- 
phosphorus (2-5% P) coatings are more resistant to alkalis and are therefore used in 
caustic service. Table 9.20 gives some comparative rates of corrosion of different coat¬ 
ings in caustic service. The performance of nickel 200, lype 316 stainless steel, and 
mild steel is also shown. Parkinson [143] quotes several examples of the successful use 
of electroless nickel in the chlor-alkali industry. One was on the valves of a reciprocating 
chlorine compressor, where steel lasted less than a year under the influence of deposits 
of Na 2 S 04 and FeCla, EN coatings, renewed every few years, solved the problem. In 
another instance, a control valve in diaphragm-cell evaporator service (34% NaOH, 7% 
NaCl, 95°C, velocity 1.8ms”^) failed in about two weeks when fabricated in 316 SS. 


TABLE 9.20. Corrosion Rates of Electroless Nickel in Caustic Solutions 


Test 

solution 

Temperature 

°C 

1-2% 

EN 

6-8% 

EN 

10-11% 

EN 

Nickel 

200 

316 

stainless 

Mild 

steel 

40% NaOH 

40 

0.3 

0.3 

0.8 

2.5 

6.4 

36 

-h5% NaCl 
Same 

140 

5.3 

11.9 

Failed 

80 

28 


35% NaOH 

93 

5.3 

17.8 

13.2 

5.1 

52 

94 

50% NaOH 

93 

6.1 

4.8 

9.4 

5.1 

84 

533 

73% NaOH 

120 

2.3 

7.4 

Failed 

5.1 

333 

1448 


Note: All data are in M-m/yr, as determined from 100-day exposure. 
EN, electroless nickel; refers to phosphorus content of coating. 
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Alloy 20 lasted a few months. A 50-|xm coating of low-P EN showed no deterioration 
in 5 years and cost only one fifth as much as a solid nickel valve. 

Other materials also can be co-deposited with nickel. These include silicon carbide, 
which improves wear resistance, and PTFE, which provides some lubricity and reduces 
the tendency of process streams to erode the nickel composition [145]. 

There are some differences in the behavior of alloys due to the variations in caustic 
composition among the three cell processes. These differences occur mostly in lower- 
grade applications using materials less robust than nickel. Monel, for example, is subject 
to liquid-metal cracking by mercury and its salts. Stainless steels seem to be equally 
affected by diaphragm- and mercury-cell caustic, but if the caustic is consumed in some 
application, the residual chloride from diaphragm-cell NaOH can cause stress corrosion 
cracking [146]. 

Nonmetallics are used in caustic storage and piping systems. While caustic soda or 
potash can be stored in carbon steel tanks at atmospheric or slightly elevated temperat¬ 
ures without excessive corrosion, tanks still may be lined to prevent iron contamination. 
Neoprene latexes are common at temperatures up to about 80°C. Above that, halogen- 
ated butyl rubber linings are preferred. Small caustic tanks often are made of plastic. 
High-density polyethylene and PVC-lined FRP are used. Unlined FRP is less suitable, 
because caustic at most concentrations can attack both the resin and the glass reinforce¬ 
ment. In this regard, 50% NaOH is less corrosive than more dilute solutions [8]. This is 
attributed to low ionic mobility in the more viscous 50% solution. The most corrosive 
strength of NaOH is about 25%, and bisphenol resins generally are more resistant than 
vinyl esters. Design of plastic tanks must consider the high specific gravity of caustic 
solutions. For example, tanks should have flat bottoms and sit on flat bases that help to 
support the weight. 

Transport vehicles are lined to prevent both corrosion and contamination. Some 
linings are more resistant to strong than to weak solutions, and it is important to choose 
a lining that will not be damaged when the vehicle is washed. 


93,2,2, Caustic Piping Systems 

9.3.2.2A. Piping. The selection of materials of construction for metallic piping depends 
on the concentration and temperature of the solution. Figure 9.60 divides combinations 
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FIGURE 9.60. Piping class service limits—^NaOH. 
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up to 73% NaOH and 350°C into four regions and shows the basic material recommended 
by The Chlorine Institute (P94). The boundaries reflect only the limits defined in P94; 
comparison with Fig. 9.59 will show that some of the combinations lie outside the liquid 
range. Considerations of product quality sometimes can influence the selection. Other 
factors are the presence or absence of contaminants in the solution, the possibility of 
temperature excursions, and mechanical stresses. Section 9.3.5 discusses concentrations 
outside the range of Fig. 9.60. All classes are rated up to 1,200 kPa. 

These specifications allow the use of threaded and socket-welded connections in 
steel and stainless steel in sizes up to 50 mm. However, butt-welding and flanged joints are 
preferred in all sizes. Stainless steel and nickel threads, in particular, are subject to galling. 

In carbon steel seamless Schedule 80 pipe is recommended below 50 mm in all 
cases and up to 50 mm when connections are threaded or socket-welded. Stainless steel 
usually is Type 304 or 316. Low-carbon grades have better resistance in the heat-affected 
zones near the welds. While Fig. 9.60 shows a wide area of application for Monel pipe, 
its actual use is not so broad. There are relatively few applications in Zone III, and a 
conservative practice is to use nickel there as well as in Zone IV. Alloy pipe should be 
Schedule 40 or 40S in small sizes and Schedule 10 or 1 OS up to 100 mm. The maximum 
diameter and corresponding thickness of Monel or nickel pipe are determined by the 
application. 

Many caustic lines require insulation and heat tracing. Systems should be designed 
to prevent excessive surface temperatures, especially when using ferrous metal piping. 
Steam tracing should use standoffs to prevent direct contact of steam lines with pipe 
walls. High-chloride insulation material should not be applied to stainless steel piping. 

Piping layout should reflect the hazardous nature of caustic and its tendency to 
freeze at low ambient temperature (but see Section 9.3.3.5 on KOH evaporation). Low- 
point traps should be avoided, and the system should be installed to allow complete 
drainage. Horizontal pipe loops are preferred to expansion joints. When expansion joints 
are required, they should be of the bellows type and of Monel or a more resistant alloy. 
Especially outdoors, piping should be installed in an economic fashion, avoiding dead 
legs and extraneous sections. At the same time, piping must have enough connections 
for draining, venting, hydrostatic testing, cleaning, and maintenance. When there is a 
complex header system carrying caustic, branches should contain block valves near the 
header. Because of the hazard of caustic leaks, pipes should be installed in the lower levels 
of pipe racks. Caustic pipes should be supported from items built for that purpose; there 
should be no hanging of caustic pipes from others or of other pipes from caustic pipes. 
Pipe supports should be chosen for the plant’s seismic zone. Support intervals should be 
short enough to prevent sagging. Finally, all caustic piping should be clearly identified. 


9.3.2.2B. Valves. Table 9.21 summarizes the application of various types of valve, 
according to the same four classes used for piping services in Fig. 9.60. The table has the 
status of a recommendation rather than a hard specification. Exceptions exist, but they 
should be made only after thorough testing and documentation. All practical combina¬ 
tions are listed, but threaded valves usually should be considered only for connection to 
transportation equipment, instruments, and special process equipment. Flanged valves 
generally are preferred. 
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TABLE 9.21. Valve Selection Guide for Caustic Service 


Size 

Connection 

Form and rating 

Class I 

Class II 

Class III 

Class IV 

(a) Globe and gate valves 






<25 

Threaded 

Forged API 800; 
Cast ASME 150 

S 

S 

S 

S 

40-50 

Threaded 

Forged API 800; 
Cast ASME 150 

S 

s 

NR 

NR 

<25 

Socket 

Forged API 800; 

S 

s 

S 

S 


welded 

Cast ASME 150 





40-50 

Socket 

Forged API 800; 

S 

NR 

NR 

NR 


welded 

Cast ASME 150 





All 

Flanged 

Forged or Cast 
ASME 150 

S 

s 

S 

S 

(b) Ball 

valves 






<25 

Threaded 

Forged or Cast 
ASME 150 

S 

s 

s 

SC 

40-50 

Threaded 

Forged or Cast 
ASME 150 

s 

s 

NR 

NR 

<25 

Socket 

Forged or Cast 

s 

s 

S 

SC 


welded 

ASME 150 





40-50 

Socket 

Forged or Cast 

s 

NR 

NR 

NR 


welded 

ASME 150 





All 

Flanged 

Forged or Cast 
ASME 150 

s 

S 

S 

SC 

(c) Plug 

valves 






<25 

Threaded 

Forged or Cast 
ASME 150 

s 

S 

S 

S 

40-50 

Threaded 

Forged or Cast 
ASME 150 

s 

s 

NR 

NR 

<25 

Socket 

Forged or Cast 

s 

s 

S 

SC 


welded 

ASME 150 





40-50 

Socket 

Forged or Cast 

s 

NR 

NR 

NR 


welded 

ASME 150 





All 

Flanged 

Forged or Cast 
ASME 150 

s 

S 

S 

S 

(d) Diaphragm valves 






<25 

Threaded 

Cast 150 psig 

sc 

SC 

SC 

SC 

40-50 

Threaded 

Cast 150 psig 

sc 

SC 

NR 

NR 

<25 

Socket 

welded 

Cast 150 psig 

sc 

SC 

SC 

SC 

40-50 

Socket 

welded 

Cast 150 psig 

sc 

NR 

NR 

NR 

All 

Flanged 

Cast ASME 150 

sc 

SC 

SC 

SC 

(e) Rubber-lined butterfly valves 





>50 

Wafer 

Cast 150 psig 

sc 

SC 

NR 

NR 

>50 

Lug 

Cast 150 psig 

sc 

SC 

NR 

NR 

(f) Fluoropolymerdined butterfly valves 





>50 

Wafer 

Cast 150 psig 

sc 

SC 

SC 

SC 

>50 

Lug 

Cast 150 psig 

sc 

SC 

SC 

SC 

(g) High-performance butterfly valves 





>50 

Wafer 

Cast ASME 150 

s 

S 

S 

SC 

>50 

Lug 

Cast ASME 150 

s 

s 

s 

SC 


Note: Legend: S, satisfactory; NR, not recommended; SC, satisfactory under specific conditions, depending 
upon manufacturer. 

Source: With permission of The Chlorine Institute, Inc. 
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Valve bodies for the most part are basically of the same metal as the piping. Many 
different types are in caustic service. Globe valves have several useful seifety features. 
These include: 

1. tight shutoff in both directions 

2. no liquid trapped in cavities 

3. multi-turn operation 

4. positive identification of valve position. 

Seals must be of high quality. Bellows seals and stuffing box designs with live-loaded 
packing glands are useful. Gate valves also have been used. Rising-stem types require 
additional maintenance. With both globe and gate valves, metal-to-metal seating with 
hard facing or soft seating with a fluoropolymer insert can be used. 

Ball and plug valves are widely used. Their quarter-turn operation can permit inad¬ 
vertent opening more easily than the multi-turn operation of other valves, but their stem 
seals are more reliable. Both types of valve provide tight shutoff and lower resistance 
to flow than globe or gate valves, and they are frequently supplied with fluoropolymer 
resin linings. 

Butterfly and diaphragm valves are other options. Butterfly valves can be lined with 
an elastomer or a fluorocarbon resin. Soft-seated, high-performance valves have higher 
pressure ratings but allow contact of the process fluid with the metal. 

All standard types of check valve are acceptable in caustic service. Springs, where 
used, should be Monel or Inconel. 

EPDM and chlorosulfonated polyethylene are the standard elastomers for valve lin¬ 
ings; fluoropolymers include PTFE, PFA, FEP, ETFE, and ECTFE. Gaskets and packing 
usually are chosen from among PTFE, graphite, graphite-filled PTFE, and asbestos (the 
usual cautions apply to the use of asbestos). Nonmetallic seats, sleeves, diaphragms, 
and seals may be of virgin or reinforced PTFE or PFA. Chlorosulfonated polyethylene 
is accepted in Classes I and II and EPDM in Class I. 

Several cautions apply to ratings of valves. The user should discuss this situation 
with the manufacturer. Nickel valves may have pressure ratings that are low for their 
nominal design class. The pressure rating of diaphragm valves depends on size and 
material of construction. Ruoropolymer-lined plug valves are satisfactory only under 
certain conditions. 

Metal parts other than the main body of a valve frequently meet higher materials 
standards. Except in Class IV, for example, bellows usually are of Monel 400 or 405, 
Hastelloy B or C, or nickel. The choice for stems, discs, balls, and tapered plugs follows 
the pattern below: 


Alloy 

Classes 

316 stainless 

i,n 

Alloy 20 

I, II 

Monel 

I, ii. III 

Hastelloy 

I, II, m 

Inconel 

II, in 

Nickel 

II, III, IV 
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9.3.2.2C. Instrumentation. In-line instruments are exposed to the same conditions as 
process equipment and piping. Materials specifications are at least as rigorous as they 
are for these other systems. Instruments contain more small parts, are built to more 
rigorous tolerances, and often depend on their accuracy for precise and intricate move¬ 
ment of parts. The corrosion allowances associated with equipment and piping cannot 
be tolerated. 

Materials such as tantalum, too expensive for widespread use in larger items, are 
common in instruments. The discussion of instrument materials of construction in this 
book is in Chapter 11, and Sections 11.5 and 11.6 in particular discuss applications in 
caustic service. 


9.3.23. Pumping. Centrifugal pumps are the standard for caustic service, and their 
metallurgy follows in a general way the guidelines of Section 9.3.2.1 and the recom¬ 
mendations for the four piping classes of Section 9.3.2.2. Carbon steel is used at low 
temperatures and in many utility applications. Cast iron, being brittle, is not recom¬ 
mended, but ductile iron and stainless steel are frequent choices. At higher temperatures 
and where product contamination is an important consideration, nickel-containing alloys 
are used. These include Ni-Resist, Alloy 20, CD4M, Monel, Inconel, and nickel itself. 
In-process pumps may be stainless steel, Hastelloy, or a nickel alloy. In a cell room, 
stainless steel pumps may be avoided because of the possibility of iron contamination 
and damage to activated cathodes in the ceils. For the same reason, the type of Hastel¬ 
loy chosen will be Hastelloy C. Centrifugal pumps usually have open or semi-closed 
impellers. Rotary pumps are also used occasionally, but rarely as main process pumps. 

High specific gravity, high viscosity, corrosivity, the danger of freezing, and the 
possibility of contamination all combine to complicate the pumping of caustic solutions. 
Viscosity is more of a consideration with NaOH solutions than with KOH. KOH in 
its higher-grade applications may be more sensitive to contamination by materials of 
construction. Both NaOH and KOH at 50% concentration have freezing points of about 
lO^C or higher, and storage and pumping systems must be designed to prevent freezing. 
For ease of pumping, 50% NaOH should be handled at temperatures of at least 30°C. 
The viscosity at 30°C is about 25 cp. Pumps therefore may require heating. Pump suction 
lines should be simple and short, and it may be advisable to use 45° elbows. High solution 
density is not a problem in itself, providing that the pump drive is sized accordingly. The 
freezing-point behavior of KOH solutions in the 45-50% range is quite different from 
that of NaOH solutions. At 45%, KOH freezes at — 28°C. This eliminates the handling 
problems associated with a high freezing point, and KOH therefore often is supplied 
at the lower concentration. Even if the liquor cools extensively, there is no particular 
problem with viscosity. 

All pumps should have wash and drain connections. In some situations, wash con¬ 
nections placed on the pipelines can also serve a pump. Another frequent practice is the 
steaming-out of lines. Designers should ensure that all materials in the pumping system 
can withstand the temperature. 

Leakage is the major hazard when pumping caustic. It is most likely at piping joints, 
valves, and pump seals. Many systems use flange guards and valve covers where leaks 
could endanger personnel. Valves are most likely to leak at their stems. Blowout-proof 
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designs are preferred, and Section 9.3.2.2B discusses other aspects of valve selection. 
Seals may be packing glands or mechanical seals. Packing glands were quite com¬ 
mon in the past but are being displaced because of tighter environmental standards. 
Table 9.22 summarizes the advantages and disadvantages of different types of contain¬ 
ment. Double mechanical seals are perhaps the most frequently used design. Sealless 
pumps are used widely in special circumstances in smaller applications, and they are 
being used more in broader applications as designs improve and operating environmental 
standards. 

All handling problems are aggravated by the use of 73% NaOH. All systems must be 
insulated, and pipelines should be traced. Handling temperatures are higher because of 
the high viscosity and freezing point (63°C). The selection of materials of construction 
reflects the temperature and concentration of the solution, in accord with Fig. 9.60. 
Rotary pumps become a more frequent choice with 73% NaOH. 


93,2.4, Cooling. Mercury-cell caustic is cooled before storage or shipping. The same 
is true of diaphragm- and membrane-cell caustic, but it is also common to send those 
cell liquors directly to evaporation without cooling. Diaphragm- or membrane-cell 
liquor flows from the cells to collecting tanks. Section 11.5 discusses the control of 
this transfer. Diaphragm-cell liquor often is stored near cell operating temperature. A 
simple arrangement in those cases is to pump it from the collecting tanks into a line 
joining a liquor storage tank to an evaporator feed pump. The storage tank becomes 
a large capacitance in the transfer line, automatically compensating for changes in 
operating rates on either side. A similar effect can be obtained when cooling liquor 
before storage. The pressure drop taken in cooling changes the hydraulic balance 
and makes the simple approach mentioned above unworkable without some restric¬ 
tion in the transfer line to the evaporator feed pump or a change in control philosophy. 
Section 11.6.1.3 also addresses the use of split-range controllers to give an efficient 
switching system. 

Standard construction for shell-and-tube exchangers includes nickel tubes and car¬ 
bon steel in cooling water service on the shell side. Compact heat exchangers also are 
widely used in caustic service. They have found a growing market in chlor-alkali plants. 
Their high heat-transfer coefficients and resistance to fouling reduce the surface area 
required. This is especially valuable when using expensive materials such as nickel, 
titanium, and the Hastelloys. 

While the class of compact exchangers includes spiral and lamella exchangers, 
the type most frequently found in the chlor-alkali industry is the plate exchanger. The 
spacing between plates is narrow. The resulting high fluid velocities improve the heat- 
transfer coefficients and discourage fouling. The flow paths also provide more nearly 
true countercurrent flow than do most shell-and-tube exchangers. Practical construc¬ 
tion of the latter type frequently requires multipass arrangements that defeat attempts 
to provide true countercurrent flow. The ribbed or dimpled construction of the plates 
promotes turbulence, again improving heat transfer, and provides mechanical strength 
to the plates. The plates must be strong enough to control elastic deformation and to 
eliminate the possibility of plastic deformation. 
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TABLE 9.22. Caustic Pumping Applications and Seal Selection 


Seal type 

Advantages 

Disadvantages 

Horizontal pumps 

Single with external flush 

Extended seal life 

Low seal cost 

Pump can be run dry if flow is lost 

Seal water piping required 

Caustic and water will intermix 
Freeze protection of seal water 
piping may be required 

Double with external flush 

Long seal life 

No contamination of seal water 
Pump can be run dry if flow is lost 

Seal water piping required 

Slightly more expensive than 
single seal 

Freeze protection of seal water 
piping may be required 

Single with internal flush 

No seal water required 

No freeze protection of seal liquid 
piping 

Simplified installation 

Crystallization of caustic during 
downtime; abrasion of seal 

Pump cannot be run dry 

More expensive than above 
options; faces must be more 
abrasion-resistant 

Double with TEFC gland 
with air-cooled system 

Long seal life 

Pump can be run dry if flow is lost 
Closed-loop seal system 

No freeze protection of seal liquid 
piping 

More expensive than other 
options 

Compressed air or nitrogen must 
be supplied to seal 

Contamination of caustic 
possible if seal fails 

Sealless magnetic drive pump 

No mechanical seal 

Zero emission 

No seal water required 

No freeze protection of seal liquid 
piping 

More expensive than standard 
pumps with mechanical seals 
Higher energy consumption 
Caustic must be clean 

Requires dry run protection 

Sealless magnetic drive pump 
with barrier 

Pump can be run dry 

Requires pressurized gas or clean 
liquid as barrier 

Vertical pumps 

Sealless sump style 

No mechanical seal 

No seal liquid required 

No freeze protection of seal liquid 
piping 

More expensive than horizontal 
pumps with mechanical seals 
Bearing flush and associated 
maintenance required on some 
models with long shafts 

Poor access for maintenance 
Motor not rigidly mounted on 
foundation 


Source: Courtesy of Severn Trent Water Services, 


Applications for coolers include caustic being transferred to storage, low- 
concentration solutions prepared by exothermic dilution, circulating caustic in vent 
scrubber systems, and full-concentration process applications. Stainless steel plates are 
used frequently at temperatures up to about 60°C. Nickel or one of its alloys is the 
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common choice at higher temperature. All plate exchangers carrying hazardous materi¬ 
als under pressure must be equipped with shrouds to protect personnel from any leaks of 
the hazardous material between plates. Aluminum is probably the most frequently used 
material of construction, but it is not acceptable in caustic service. Stainless steel is a 
frequent substitute. 

We shall concentrate here on the cooling of membrane-cell catholyte and on final- 
product coolers. First, consider catholyte recirculation around membrane cells. The 
liquor, usually received from the cells at a temperature between 85 and 90°C, must 
be cooled sufficiently to absorb the waste heat generated by electrolysis. The amount 
recirculated and the temperature that must be achieved are inversely related. In a small 
plant, this cooling may be done in one step with plant cooling water. Depending on 
the specified cooling water temperature rise, the flow rates of caustic and water may 
be reasonably close to each other. This situation allows the use of an efficient plate 
configuration. In certain other applications, the cooling range of the caustic solution is 
much larger than the heating range of the water, and the flow rates are quite different. 
It becomes difficult to use the same flow and pass arrangements on both sides of the 
plates, and true countercurrent flow and some of the effective temperature differential 
are lost. 

In a large plant, the designer should consider the fact that, while the caustic stream 
entering the cells must be cooled, the brine feed usually must be heated. This is an 
opportunity for economization through the interchange of heat. The flow of caustic in 
this case is through an interchanger to heat the brine and then through a cooler to bring it to 
the desired cell feed temperature. In full-load operation of most plants, the caustic carries 
enough excess heat for the process to operate as outlined above. The brine is brought 
to its required temperature without cooling all the caustic sufficiently. The fact that the 
caustic carries more heat than the brine requires means that its flow to the interchanger 
must be restricted in order not to overheat the brine. The control arrangement then is for 
some of the caustic to bypass the interchanger in response to a signal from the outlet 
brine temperature. The recombined caustic stream goes to the cooler. A caustic/brine 
plate interchanger is a challenge to most materials of construction. The nickel alloys 
favored for caustic service are not highly resistant to hot brine. The usual selection is 
Hastelloy C276. 

Particularly with the inclusion of an interchanger, the caustic heat exchange system 
must have great flexibility. Figure 9.61 may help the reader to visualize the wide range 
of duties. Part (a) plots the required temperature of the brine and caustic fed to the 
electrolyzers as a function of operating load. The use of a single temperature does not 
distinguish between brine and caustic feeds. This simplifies the presentation and also 
accords with the frequent practice of maintaining approximately equal feed temperatures 
(Section 13.10.3.3). 

The wasted voltage in the cells increases at higher operating load. More waste 
heat becomes available to heat the brine and caustic, and so the required feed tem¬ 
perature begins to decrease. The dashed lines on Fig. 9.61a show the temperatures of 
the caustic and brine as they enter the temperature-conditioning section. At high oper¬ 
ating load (right-hand side), the cell feed temperature is relatively close to the brine 
supply temperature and far from the circulating caustic temperature. As a result, the 
heat content of the caustic is more than adequate to heat the brine, and the residual 
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FIGURE 9.61. Feed brine and caustic heat duties. 


duty to be handled by the caustic cooler is high. At slightly lower operating load, the 
interchanger transfers more heat in order to bring the brine up to the (higher) required 
temperature, and the duty of the caustic cooler becomes less. This trend continues until 
heating the brine reduces the temperature of the caustic to that required in the cell feed. 
The duty of the caustic cooler becomes zero. Beyond this point, the control algorithm 
of the interchanger should change in order to avoid overcooling the caustic. The heat- 
transfer duty of the interchanger then declines from its maximum, the duty of the caustic 
cooler remains zero, and it becomes necessary to add heat to the brine from another 
source. 

Figure 9.61b illustrates the situation. Line ab is the same as the line shown in 
Fig. 9.61a. Along the segment ac, the caustic is cooled by the interchanger to the desired 
feed temperature. The brine temperature increases along segment dc. The interchange 
process must be controlled to avoid overcooling the caustic, and the brine heater must 
provide whatever temperature compensation is still needed. When the cell amperage is 
greater than that corresponding to point c, cooling the caustic to the desired temperature 
in the interchanger (segment cb) would result in a brine feed temperature (segment ce) 
higher than desired. Control now must shift to avoid overheating the brine, and the 
caustic cooler comes into operation. 

Still in terms of Fig. 9.61b, we can regard triangle acd as the duty of the brine heater. 
It is largest at low amperage and decreases steadily at higher loads until it becomes zero. 
Triangle bee represents the duty of the caustic cooler, which has opposite characteristics. 
Below a certain load, it need not operate. Above that load, its duty increases continuously 
until it reaches the capacity of the exchanger. The interchanger has a totally different 
characteristic. Its duty is represented by triangle bed. It goes through a maximum at a 





962 


CHAPTER 9 


certain amperage, falling off on either side. Design of the interchange system should 
consider the entire characteristic. 

The various exchanger duties therefore have very wide ranges that depend on the 
condition and operating amperage of the cells. When the basis for design includes the 
case of a disabled interchanger, design ranges for the brine heater and caustic cooler 
are even wider. 

A temperature element in the caustic line after the cooler controls the temperature 
of the feed to the cells. While the measurement of most interest is the temperature in 
or leaving the cells, the dynamics of control based on such temperatures would be less 
favorable. It is always possible, furthermore, to reset the inlet temperature from some 
average outlet temperature to achieve the desired result. Because the characteristics of 
the individual cells differ, feeding the same amount of recycle caustic to each cell will 
not give the same outlet temperatures, and it is hard to define what the proper average 
should be. Adding the fact that cells are not totally backmixed, we see that the idea of 
uniform cell temperature control by a single system is a snare and a delusion. 

A final note on the flexibility required in the caustic cooling loop: during startup 
of the cells, the caustic actually must be heated. This can be done in a small exchanger 
provided for that service, or the cooler can be fitted with steam and condensate connec¬ 
tions. In the case of plate exchangers, the former can be a few separate plates mounted 
on the same frame as the cooler. In the latter case, the demand will be much less than the 
exchange capacity of the cooler, and smooth removal of steam condensate may require 
special arrangements. 

We turn next to the cooling of diaphragm-cell NaOH. The evaporation process 
described in Section 9.3.3.3 produces crystals of NaCl as the NaOH concentration 
increases. Section 9.3.2.5 below describes the use of centrifuges to remove these salt 
crystals. The primary centrifugate still is saturated with NaCl, and cooling it further 
causes more salt to precipitate. Evaporator product liquor at, say, lOO'^C contains 3% 
dissolved NaCl. Cooling it below ambient temperature removes much of the salt, giving 
a final product concentration of 1.0-1.1% NaCl. This removal of dissolved salt incid¬ 
entally increases the concentration of NaOH in the liquor. The evaporators therefore, 
depending on the amount of salt removed by cooling, need produce only about a 49.5% 
solution. In an 800-tpd plant, the amount of salt precipitated in the coolers is more than 
301 daily. Chilled water, tempered to avoid any precipitation of NaOH, usually is neces¬ 
sary to reach the low residual salt levels specified. An incidental advantage of cooling to 
sub-ambient temperature is that it prevents slow precipitation of salt as the liquor cools 
in storage tanks or transport containers. 

The cooling system must be designed to operate reliably even as the salt precipitates. 
Cooling in tanks or standard exchangers leads to uncontrolled crystallization of the salt, 
and some of the recovered salt often is recycled to serve as seed crystal. Some designers 
and operators prefer the compactness and high productivity of tubular or plate heat 
exchangers. Others prefer to install tanks equipped with cooling coils to make access 
and cleaning easier. In any case, there will be a need for occasional cleaning of the 
cooling surfaces. While cooling tanks require much more plot area and a structure that 
allows gravity flow through them in series, installing an extra tank to provide redundancy 
is a simple and relatively minor addition. In a series of tanks, some will be dedicated to 
the use of plant cooling water and others to the use of chilled water. When exchangers 
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are used, the same effect requires two units in series. The simplification of using chilled 
water only, in a single exchanger, is feasible with careful design, but is rarely economical. 

The chilled caustic flows to a second set of centrifuges, also described in 
Section 9.3.2.5, for removal of the solid salt and then to pressure-leaf filters for final 
polishing. Section 9.3.2.6 discusses filtration. 


93.2,5, Centrifugation. Monel and Type 316 stainless steel are the principal materials of 
construction for all caustic centrifuges. The two stages of centrifugation in a diaphragm¬ 
cell plant require different types of machinery. Evaporation produces a concentrated 
slurry of well-formed crystals as the feed to the first stage of recovery, which removes 
nearly all the suspended crystals. Pusher centrifuges are a typical choice for this duty. 
These are continuous units especially suited to slurries of crystals with good draining 
characteristics. They move the solids along by the action of a reciprocating piston (the 
“pusher”) and require no scraping of the cake, which would be more likely to degrade 
the crystals. In the illustration in Fig. 9.62, feed enters on the centerline of the basket, 
which is a horizontal rotating cylinder. In the arrangement shown, the feed liquor travels 
along a tapered funnel and gradually accelerates to full speed before entering the basket. 
Clarified liquor flows through a screen mounted on the basket and is ready for further 
processing. 

The pusher mechanism operates from the liquor discharge end. Typical stroke 
lengths are 50-70 mm with a frequency of 20-30 cycles per min. Under the influence of 
the pusher, the crystals move toward the feed end. There are provisions for washing them 
as they move. Wash liquor can be combined with product liquor or kept separate. Finally, 


Slurry 

Feed 



FIGURE 9.62. Pusher centrifuge. 
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the crystals drop at the end of the basket into a discharge pipe or chute. Section 9.3.3.3 
describes the collection and recycle of this salt to the brine plant. 

Cooling the liquor recovered from the pusher centrifuges, as noted in the preceding 
section, reduces the dissolved salt concentration from about 3% to 1%, Compared to 
the evaporator slurry, this is a minor and lean source of salt, in a thinner slurry and with 
smaller particles. Centrifugation again is the standard process for its recovery. 

Solid bowl centrifuges are better adapted to this service. Figure 9.63 shows a typical 
unit. The working element is a horizontal rotating bowl. This is conical and tapers 
away from the feed end. Slurry enters the annular bowl from the central element near 
the large end of the cone. A conveying scroll mounted in the bowl moves the solids 
toward their discharge outlets at the narrow end of the cone. The scroll rotates more 
slowly than the bowl. Liquid flows along the flights against the motion of the scroll 
and through the clearances between the rotating members. The solid bowl machine also 
has a capability for washing the solids. Wash fluid is brought in through a central pipe 
into a chamber beyond the slurry feed section and enters the bowl through its own feed 
ports. 

The salt removed in the solid bowl centrifuges is of less value than that removed 
in the primary (pusher) centrifuges. It usually is allowed to drop into a tank in which 
it is redissolved in the cell liquor and then recycled to the evaporators. The solid-bowl 
centrifugate still contains traces (<0.1%) of very fine solid salt. The next step therefore 
is filtration, described below in Section 9.3.2.6. Some of the salt from the centrifuges 
may be used in that step. 

Primary centrifugation process design is also affected by the method chosen to deal 
with the triple salt formed in the evaporators. In all cases, a leaching tank serves as a 
triple salt decomposer. One possible combination is to collect all the salt produced in 
the evaporators, recover the bulk of it in pusher centrifuges, and drop it into the leaching 
tank. The liquor in the tank, richer in sulfate, goes to sulfate recovery or disposal. The 
purified salt is reslurried and sent to a second set of centrifuges for final recovery. In other 
systems, the triple salt may be isolated from the pure salt formed in the other effects of 
the evaporator. 


Solids 



FIGURE 9.63. Solid-bowl centrifuge. 
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93.2.6. Filtration. Product solutions are sometimes filtered in order to guarantee their 
quality, but this is a low-level application often carried out in small cartridge filters. 
Filtration also is an important adjunct to centrifugation in the recovery of salt from 
diaphragm-cell caustic evaporators. Here, the filters follow the two steps of centrifugation 
described above in order to remove the fine salt that passes through the second (solid- 
bowl) stage. The size of the particles to be removed extends down into the submicron 
range, and so precoat-type pressure-leaf filters are used. This sort of filter was discussed 
in Section 7.5.4.2 in connection with brine purification. 

The precoat usually is salt itself. Some of the slurry that ordinarily would go to 
the secondary centrifuges bypasses that step and goes directly to the filter that requires 
precoating. It is also possible to use filter feed as the precoat, but the finer salt does 
not work as well. When the precoat becomes blinded or the chambers filled with salt, 
backwashing is necessary. Fresh water, cell liquor, or unsaturated brine can be used here, 
and the salt, precoat as well as process load, dissolves and returns to the process. Water is 
the most efficient backwash fluid, but the use of brine or cell liquor prevents dilution of the 
process. The caustic filtrate becomes the final product and is ready for storage or shipping. 

Filter bodies usually are of rubber-lined steel, with polypropylene cloths and Monel 
wire. Other internal parts usually also are Monel. Filtrate runs down to a tank, which 
also typically is rubber-lined. An agitator may provide some blending, or liquor may be 
recirculated by a pump. The pumped recycle may pass through a small heater in order to 
keep the temperature in the filtered caustic tank above the freezing point. This material 
is the final product; it is transferred to product storage, and its handling from this point 
on is the subject of Section 9.3.6. 

A more specialized application is the filtration of mercury-cell liquor to remove 
mercury from the product. We consider two types of filter here, the candle filter using 
carbon tubes and the pressure-leaf filter precoated with activated carbon. The operation 
of candle filters also has been described in Section 7.5.4.2. 

Mercury-cell caustic filters operate at higher temperatures than do other product 
filters. Some plants operate above lOO'^C. The solution, pumped under flow control or 
feed tank level control, leaves the filter with less than 0.5 ppm Hg, usually about 0.1. It 
then can be cooled before storage, usually to 40-50°C, in a plate-type exchanger. 

The operation requires an agitated precoat tank and precoat handling system, similar 
to those described in Section 7.5.4.2. Cellulosic and diatomaceous earth filter aids similar 
to those used in brine filtration are common, but activated carbon is also used. Carbon 
sometimes is used in combination with the others, both of which have the disadvantage of 
partial solubility in hot caustic. One manufacturer recommends that precoat be deposited 
from a 2-5% slurry at a flow rate of about 1.7 m hr“^ to a thickness of at least 3 mm. A 
bumpless transfer to on-stream operation and a temperature change of less than 50°C are 
recommended. Operating face velocities are 0.35-0.6 mhr“^ A body feed generally is 
not used. Before a filter is taken off line for removal of the cake, it can be washed to 
recover occluded product. This is done with hot water, prepared off line and held in a 
storage tank or generated on line with the help of a steam-water mixer. The water should 
be soft. The cake then can be removed by standard methods such as backwashing, 
vibration, etc. Sometimes, the primary cake is not washed, but the backwash fluid is 
collected and refiltered through a fine cloth filter press, typically using a polypropylene 
cloth rated at 60 tJim. 
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The wash liquor may contain about 20% caustic. Depending on the process duty, 
the solids will range from 2^% Hg and less than 1% filter aid. At ambient to warm 
temperature, the resulting filtrate will have a turbidity less than 5 ppm. 

Porous carbon filters for mercury usually operate at pressures up to 8 bar. The 
housings are nickel or nickel-coated carbon steel. The pores in the tubes have dia¬ 
meters less than 50 p.m. Filtration face velocities range from about 0.5 to 2.0mhr“^ 
The content of suspended mercury is reduced from 10-30 ppm to less than 0.5 ppm. 
Results are better with lower velocity, lower caustic temperature, and the recycle of 
some of the filtrate. Many plants use multiple filtrations, perhaps with higher unit 
rates in the second step, and achieve lower mercury content in the effluent. Leaf 
filters packed with specially treated activated carbon are an alternative. These usu¬ 
ally operate at lower temperature (60-65°C) and sometimes are used as two stages 
in series. The mercury concentration is reduced to 1-5 ppm in the first stage and to 
less than lOppb in the second. The spent carbon is backwashed from the filters and 
allowed to settle in a hold tank. The supernatant weeik caustic can be used in brine 
treatment or pH control, and the carbon itself is stripped in a mercury furnace before 
disposal. 

A special type of leaf filter sometimes appears in this application. The elements 
are horizontal discs that spin on demand to remove the dry cake. The Funda® filter 
is an example. Another special feature sometimes is “shuffling” of the cake. After the 
wash with hot water, the isolated filter simply sits idle for some time (1-1.5 hr). The 
mercury during this time penetrates the active carbon, opening the structure of the bed 
so that the pressure drop will be lower upon restart. This can be done several times 
before it is necessary to remove the carbon. This technique reduces the consumption 
and cost of precoat and also the volume of material that must be handled for mercury 
recovery. 


9.3.2.7. Blending and Dilution. Caustic solutions may be blended as produced in order 
to promote uniformity. Users may blend other ingredients with caustic before use in a 
process or simply as part of a product formulation. In-tank blending requires complete 
top-to-bottom turnover of the batch. It is useful in damping slow changes or long-period 
fluctuations in product strength. It is less useful as a way of blending materials of widely 
different strengths or of diluting strong caustic with water. In the latter case, the mildness 
of the agitation can allow hot spots to develop in the tank. 

The purpose of simple blending may be to compensate for fluctuations in final- 
product concentration or to make small adjustments in concentration before using or 
shipping. In-tank agitators are useful on smaller scale. The metallurgy must suit the 
conditions, but temperatures usually are below 50°C. Carbon steel often is suitable from 
the standpoint of its resistance to uniform corrosion, but stainless steel or a rubber coating 
may be used for better resistance to erosion corrosion or to prevent contamination of the 
solution by iron. Larger tanks usually rely on a pump loop or side-mounted agitators. 
One advantage of blending by pumping is that it can be combined with heating or cooling 
of the caustic. The return from a pump to the tank, when using a single return line, is best 
placed well away from the pump suction nozzle. The mixing effect of pumped streams 
also can be augmented by the use of internal mixing eductors. These should be at least as 
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resistant to corrosion as the caustic piping, because of the possibility of residual stresses 
due to fabrication. At typical storage temperatures, stainless steel is suitable; in some 
applications, PVC eductors are used. For best results, installation should follow normal 
good practice and the manufacturer’s recommendations. Mixing rates are enhanced when 
the eductors discharge at angles above the horizontal. Entrainment rates can be three 
times the pumping rate, and a typical design is capable of turning over the contents of a 
tank in two to four hours. 

There are several reasons for diluting caustic solutions before use. Consumers often 
dilute the conventional 45-50% material before processing. Those who receive 73% 
NaOH, unless the higher concentration is necessary in their processes, routinely dilute it 
before storage. A producing plant may require a relatively dilute solution for utility use or 
for the scrubbing of vent streams. A concentration frequently used is approximately 20%. 
In the case of NaOH, this is slightly above the eutectic concentration of 19%. Freezing 
points at 20% are —26°C for NaOH and —40°C for KOH. The typical membrane-cell 
operator also dilutes a recycle caustic stream in order to control the concentration of 
catholyte. 

Dilution of caustic is an exothermic process. The Appendix shows the enthalpy of 
NaOH solutions as a function of temperature and concentration. On such a diagram with 
linear scales, straight lines represent simple blending processes. The steep curvature of an 
isotherm on each side of its minimum reflects the high heat of mixing. When two streams 
at the same temperature are combined, the straight line connecting the two concentrations 
will intersect other (higher temperature) isotherms and show the final temperature of any 
given blend. Combining water with 50% NaOH to produce a 20% solution, for example, 
produces a temperature rise of about 25°C from the evolution of about 460kJkg“^ 
NaOH. Dilution of more concentrated grades can produce temperatures that are quite 
high and solutions that are quite corrosive. For example, diluting 73% NaOH at its 
normal delivery temperature to a concentration of 50% will produce a temperature of 
about 132''C if no heat is removed. The dissolving of anhydrous NaOH also is highly 
exothermic and produces more than 1 MJ per kg NaOH. A 20% solution prepared this 
way without removal of the heat of solution will be about 90°C. A greater problem is 
that, during the course of batch dissolving, temperatures will be over 100°C at high 
concentrations of NaOH. If warm water is used, solutions in the 30-40% NaOH range 
actually will boil. Addition of water directly to solid caustic is quite dangerous and 
should never be done. 

Note that one advantage of preparing utility caustic from membrane-cell product 
is the absence of a large exotherm. Dilution from 35% NaOH to 20% produces a tem¬ 
perature rise of only about 10°C. The safety hazard is small, and the process may not 
require cooling. 

There are many techniques for diluting caustic, but perhaps the best is to blend 
water and a concentrated solution in an in-line mixing device, cool the dilute solution, 
and take the product to a tank for storage and distribution. To control the concentration 
of the mix, the two streams are under flow ratio control. Normally the caustic flow is 
controlled directly and the water flow by a ratio controller. The set point of the latter is 
reset by a downstream temperature-compensated density instrument. The quality of the 
water and the material of construction of the mixing device depend on the end use(s) 
of the dilute caustic. Stainless steel is perhaps the standard material of construction. 
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Dilute caustic for use within the main process requires water of suitable quality. Caustic 
intended for emergency scrubber use can use lower-grade water, with two provisos: 

1, if the scrubber liquor is to be used for bleach, the water should not contain high 
concentrations of elements that reduce the stability of the bleach 

2. in any case, heavy deposits of hardness resulting from the action of the caustic 
on the water can foul equipment and piping and should be avoided by choosing 
a better grade of water if necessary. 

For cell room use, the dilution water is demineralized, and the mixing device is of 
nickel or a high-nickel alloy. The cell inlet concentration is controlled, while the variable 
of more interest is the concentration in the cells. We have the same situation that applies 
with temperature control, discussed above. Given a measurement of the outlet caustic 
concentration, again we can reset the control point at the inlet. This might be automatic 
or by occasional operator intervention. 

The dilution water can join the circulating stream before or after the cooler. Both 
approaches are common in plant practice. Essential criteria are the addition of the right 
amount of water to maintain the mass balance and removal of the right amount of heat to 
maintain the energy balance. The feedback of information from cell product is necessary 
in any case, and it makes either approach workable. 

Addition of water before the cooler gives conceptually better temperature control 
dynamics. Addition after the cooler gives higher temperatures on the process side of 
the cooler and allows removal of a given amount of heat with slightly less heat-transfer 
area. The lack of a strong consensus on the matter stems from the fact that the effect 
of addition of water on the temperature of the circulating caustic is small. While the 
water may be much colder than the process stream, the exothermic heat of mixing nearly 
offsets its cooling effect. Calculations from the standard cathode-side balance shown in 
Fig. 6.9 give the following changes in caustic temperature by addition of dilution water 
before and after the cooler at water temperatures of 20°C and 40°C: 



Drop in process temperature, °C 

Water temperature 

Before cooler 

After cooler 

20 

1.9 

1.3 

40 

0.7 

0.3 


9.3,3, Evaporation 

As already noted, it is possible to make caustic soda or potash directly at normal com¬ 
mercial concentrations in mercury cells, and in that case evaporation is unnecessary. 
Diaphragm-cell liquors, on the other hand, present a large evaporative load when 50% 
NaOH is to be produced. The evaporative load associated with membrane cells is much 
less, and it is at least conceivable that efficient membranes will be developed to produce 
commercial concentrations directly. An understanding of these differences is critical 
in economic comparisons of the various cell technologies. Comparisons of evaporator 
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economics also require an understanding of the principle of multi-effect evaporation. This 
is described in Section 7.1.5.2A in connection with brine evaporation. In Section 9.3.3.1 
below, we apply the same considerations to caustic evaporation, with emphasis on the dif¬ 
ferences between diaphragm-cell and membrane-cell evaporators. Section 9.3.3.2 then 
covers some of the basics of evaporation process design. It gives a brief description of 
the principal types of evaporator and discusses some of the factors to consider when 
determining the sequence of liquor flow through the various effects of the evaporator 
system. 

Turning from that to the various technologies, we discuss first the diaphragm cell 
(Section 9.3.3.3). This is limited to sodium hydroxide. The membrane cell is covered 
next, again with reference to sodium hydroxide (Section 9.3.3.4). Finally, we cover 
the differences peculiar to potassium hydroxide solutions (Section 9.3.3.5). The discus¬ 
sion of evaporators does not follow our usual practice of emphasizing membrane-cell 
technology. Because diaphragm-cell evaporators are so much more complex, it is more 
interesting and more instructive to discuss their design fully. 


9.33.1, Multiple-Effect Evaporation. The discussion of brine evaporation in 
Section 7.1.5.2A showed how installing a number of effects and using process vapor 
as a source of heat reduces the amount of energy that must be added to the process. 
The boiling point rise (BPR) of brine solutions makes some of the available temperature 
potential useless as a driving force for heat transfer. This limits the number of effects 
and the achievable steam economy. Similar limitations exist in caustic evaporation but 
are much more severe. 

First, the heat of evaporation of water from a solution is not the same as the latent 
heat of pure water. The dilution of a caustic solution being exothermic, the latent heat 
of vaporization out of the solution is greater. The condensation of a kilogram of water 
vapor against a boiling solution will therefore evaporate less than a kilogram, even 
without considering the fact that the latent heat of steam decreases as the pressure and 
temperature increase. Steam economy suffers because of this effect. 

Second, the boiling point rise of caustic solutions severely limits the staging of a 
system. BPRs are much greater in caustic evaporation than in brine evaporation, and as 
a consequence less of the total available temperature differential can be used to drive 
the process. BPRs are affected very strongly by solution concentration and weakly by 
operating conditions such as pressure. Reference substance plots of thermodynamic 
properties use the fact that a property of one substance (e.g., a solution of NaOH of 
given concentration) is related very simply to the same property of a second (e.g., water). 
Diihring’s rule, for example, states that plotting the boiling point of a solution against 
the boiling point of water at the same pressure results in a straight line. Engineers often 
use Diihring diagrams to take advantage of this simplicity. One axis then becomes the 
boiling point of water, which is a substitute for pressure. 

Boiling-point rise data for caustic soda and caustic potash solutions are given in the 
Appendix. 

We usually are considering in this volume a membrane-cell liquor containing 
30-35% NaOH. The BPR in the feed is already 20°C and will increase along with con¬ 
centration. In a triple-effect evaporator, the BPR will consume as much as 70®C of the 
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available temperature differential. Largely for this reason, no membrane-cell evaporator 
with which the authors are familiar has more than three effects. Other solutions without 
the large BPRs characteristic of NaOH and KOH solutions are not so constrained. Water 
desalination systems, for instance, may have many effects and salt evaporators typically 
have four or more. 

Of particular interest in this work is a comparison between membrane- and 
diaphragm-cell caustic evaporators. Many of the latter have been or will be conver¬ 
ted to membrane-cell duty. Since diaphragm-cell liquor has a much lower NaOH content 
(typically 10-12%), the initial BPR will be much lower than that in a membrane-cell 
system. The mathematics of concentration is such that the greatest change occurs at the 
end of the process. Assuming equal amounts of water to be evaporated in each stage, 
the progression of concentrations in various systems is shown in Table 9.23, For ease 
of comparison, the concentration of NaOH in diaphragm-cell liquor is expressed as that 
of the NaOH-water binary—the presence of NaCl is ignored. Feed concentrations are 
taken to be 32.0 and 13.3% in membrane-cell and diaphragm-cell liquor, respectively. It 
is interesting to note that in no case does the diaphragm-cell caustic concentration reach 
even the membrane-cell evaporator feed concentration until it suddenly leaps to 50% in 
the most concentrated effect. Even allowing for the presence of NaCl, the boiling point 
rise is much lower, stage by stage, in the diaphragm case. More of the available tem¬ 
perature differential therefore can be used for heat transfer, and exchanger area is more 
productive. Alternatively, the extra temperature differential may make the installation of 
a quadruple- rather than a triple-effect evaporator practical. 

When membrane cells replace diaphragm cells, the unit evaporative load is greatly 
reduced, by a factor of 5 or 6. The steam consumption may be reduced by a similar factor. 
The total heat-transfer area required, by the argument made above, is not so greatly 
affected. This will not prevent conversion of the evaporator system but can reduce the 
designer’s freedom. 

Recompression evaporation is an alternative to the multiple-effect approach that 
reduces steam consumption. Section 7.1.5.2B treated both mechanical and thermal 
recompression. The power consumption or the motive steam usage depends on the 
increase in pressure that is necessary to achieve the desired condensing temperature. 


TABLE 9.23. Stage-by-stage Increase in 
NaOH Concentration during Evaporation 


Evaporator type 

Intermediate concentrations 
(wt% NaOH) 

Membrane 

Diaphragm 

Double-effect 

39.0 

21.0 

Triple-effect 

36.4 

17.6 


42.1 

26.0 

Quadruple-effect 

- 

16.3 


- 

21.0 


- 

29.6 


Note: Basis: Same amount of evaporation in each effect 
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This in turn is fixed largely by the boiling point rise of the solution. When the BPR is 
greater, more power or more motive steam is required. Recompression therefore is most 
likely to be justified with solutions whose BPRs are small. In the NaCl brine example, 
and it is true of KCl as well, a compression ratio of about two is adequate. With caustic 
solutions, the ratio must be at least four. Not only is the power requirement much greater, 
but the capital cost per unit of output also increases. Where single-stage centrifugal com¬ 
pressors are adequate with brine evaporators, more complex machinery would be needed 
to produce the compression ratio needed in a caustic evaporator. Finally, the difference in 
latent heats between steam and caustic solution increases the demand for fresh steam. For 
similar reasons, thermal recompression also becomes much less efficient in a caustic pro¬ 
cess. Caustic solutions therefore are not good candidates for recompression evaporation, 
and so the technique is not widely used in caustic evaporation. 


9. 3.3.2. Evaporation Process Design. Evaporator designs most often found in the chem¬ 
ical process industries can be divided into falling-film and circulated units. Circulated 
units may use either natural or forced recirculation. Figure 9.64 gives simplified sketches 
of several types. 

In the single-pass falling-film design, feed material enters through the top of a 
vertical shell-and-tube unit. The feed must be efficiently distributed and directed to the 
walls of the tubes. As the liquor passes down the tubes, some of it vaporizes. A mixture 
of liquid and vapor passes from the bottoms of the tubes into a phase separator. The 
key feature of this design is the short .time of contact of the liquor with the heat-transfer 
surface. Falling-film evaporators are used on food and pharmaceutical products and on 
other heat-sensitive materials. When the net liquor feed rate is too small to keep the 
heat-transfer surface wet with this design, some of the concentrated liquor is pumped 
along with fresh feed to the upper chamber. 

Natural-circulation evaporators are thermosiphons. The difference in densities 
between degassed and boiling liquids is the driving force for circulation. With this 
style, the feed enters a lower chamber. Within the tubes, vapor forms and allows the 
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FIGURE 9.64. Principal types of evaporator design. 
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mixture of liquid and vapor to be forced upward. The two-phase mixture leaves the tops 
of the tubes and is separated. The liquid phase, denser than the mixture in the tubes, then 
leaves the top chamber through a pipe from which it can return to the lower chamber or 
be withdrawn as product. Natural-circulation evaporators are used in the processing of 
rayon, black liquor, low- to moderate-viscosity liquids, and nonsalting materials. 

The forced-circulation design pumps liquor or slurry from the bottom of the vapor 
body through a horizontal or vertical tubular exchanger and back into the vapor body. 
It incorporates a large circulation volume. The normal intent is to maintain sufficient 
velocity to limit the temperature rise on each pass. When solids form during evaporation, 
this in turn limits both the redissolution of solids and the degree of supersaturation as the 
slurry re-enters the evaporator body. Low supersaturation means a low rate of nucleation 
and a higher average particle size, thus simplifying the job of removing salt crystals 
from the product liquor. Forced circulation is the standard method when solids are 
precipitated during evaporation and when scaling of the tubes is a likely problem. All 
these characteristics are especially valuable in the evaporation of diaphragm-cell liquor. 

The forced-circulation design is often more expensive than some of the alternatives, 
and the energy consumed by the pumps must be part of any economic evaluation. At 
the same time, the pumps provide high heat-transfer coefficients in the exchangers, 
as well as the positive circulation that improves operability. In this process, pumps 
must have high capacities at low differential head. Axial-flow pumps as a class have 
the right characteristics for the duty. These are usually of single-elbow design and are 
mounted directly in the piping. They may hang from the piping or be spring-mounted on 
a base [147]. These methods allow for thermal expansion without installing expansion 
joints. Operating the pumps at low speed reduces attrition of the crystals and mechanical 
wear of the pump parts. 

In forced-circulation evaporators, it is common practice to bring the recirculated 
liquor in below the operating liquid level in order to suppress boiling in the tubes and the 
circulating line. This practice can, however, reduce the efficiency of heat transfer within 
the vapor body itself. The emphasis in design always is on sizing the heating element 
and transferring enough heat into the circulating liquid. It is also necessary for the heated 
liquid to approach thermal equilibrium with the mass in the body of the evaporator. Rapid 
circulation or delivery of the heated liquid to a point where it can easily be swept into 
the circulating line works against this [148]. Tangential entry improves mixing within 
the evaporator body. A swirl breaker at the bottom nozzle helps to reduce bypassing and 
to avoid the problem referred to above. 

Prevention of fouling has much to do with the choice of the best apparatus. The other 
aspects of process design should also consider fouling tendencies when choosing oper¬ 
ating and steam temperatures, liquor velocities, possibilities of localized boiling or hot 
spots, solid bed densities, and rapid dispersion of liquors with fouling tendencies [149]. 

Besides the choice of evaporator type, evaporation process design includes selection 
of the number of effects to be installed. This choice is primarily a matter of a classical 
economic balance between the cost of supplying more effects and the benefits they offer 
in energy consumption. As the preceding section made clear, the number of effects in a 
caustic evaporator is never very great. For technical and economic reasons, diaphragm¬ 
cell evaporators usually have three or four effects and membrane-cell evaporators have 
two or three. 
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The designer also has options in the relative flow paths of liquor and vapor. The 
convention is to consider the flow of vapor from effect to effect as the “forward” direction 
and assign numbers to the effects in the sequence of that flow. There are three possibilities 
in a two-effect system: 

1. forward feed, in which the liquor’s path from effect to effect is the same as that 
of the vapor 

2. backward feed, in which the reverse is true (steam is supplied to what is defined as 
the first effect, and vapor flows from there to the second effect, while liquid feed 
is introduced to the second effect and partly concentrated liquor is transferred 
to the first) 

3. parallel feed, in which fresh liquor is fed to both effects. 

True parallel feed is rare in caustic soda and potash evaporation. It is more common with 
brine. 

With more than two effects, there is also the possibility of “mixed” feed, which is 
neither true forward nor true backward feed. In a triple-effect system, for instance, the 
liquor flow might be 2-3-1. 

Forward feed is often the simplest arrangement and in certain designs can eliminate 
the need for stage-to-stage liquor transfer pumps. The countercurrent nature of backward 
feed, on the other hand, sometimes allows more effective use of the temperature potential. 
The best choice for a given case depends also on steam conditions and the thermal 
condition of the feed. If the feed temperature is well below the first-effect boiling point, 
for example, there are thermal disadvantages in forward feed. First, the boiling point is 
highest in the first effect, which usually operates at the highest pressure. The feed absorbs 
more sensible heat before boiling, and absorbs it from the most valuable (hottest) source 
of heat. Second, the loss of generated vapor from the first effect is undesirable. Since 
this vapor is the heating medium for the second effect, less energy is available there. 
Less vapor then is generated for transfer to the third effect, and so the loss is propagated 
throughout the system. 

A cold feed rather is a good candidate for backward feed. Even in a low-temperature 
effect, the feed may require sensible heat before it reaches its boiling point. This again 
reduces the amount of vapor generated. Since the vapor formed in the last effect often 
represents waste heat, however, it is best to take the loss in vapor production here. A hot 
feed has the opposite influence. A feed superheated at the operating pressure produces 
vapor by flashing. In the last effect, this vapor goes directly to the condenser and is a 
burden rather than an advantage to the process. In the first effect, it produces “free” vapor 
that is available to the second-effect heater. 

Leaving aside the energy balance, backward feed can often improve the handling 
and heat-transfer properties of the process fluid. When viscosity increases significantly 
with concentration, it may be useful to have the most concentrated solution at the highest 
temperature. Usually, this is important only at the last stage of concentration, where the 
strength of the solution takes its largest jump (Table 9.23). 

Such a situation can also favor mixed feed. The 2-3-1 arrangement used as an 
illustration above has the advantages of forward feed when moving liquor from the 
second to the third effect. By then returning the fluid to the first effect, this arrangement 
also keeps the final viscosity low and promotes higher heat-transfer coefficients. 
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The design of a multiple-effect system offers many other opportunities for the 
economization of heat. These include interchanging heat between various streams and 
flashing liquors and condensate to increase the degree of concentration or to produce 
more steam for use in later effects. 


9.5. 3.3, Diaphragm-Cell NaOH Evaporation 

9.3.33 A. Mechanical Design. A 50% conversion of the salt fed to a diaphragm cell will 
produce an approximately equimolar mixture of NaCl and NaOH. We shall use as a basis 
here a solution containing about 15% NaCl and 11% NaOH. Allowing for the entry of 
some wash water into the process, this gives an evaporative load of about six weights of 
water per weight of NaOH. This is a major expense to the process. The energy required 
for evaporation is a substantial fraction of the energy consumed in electrolysis. As noted 
in Section 9.3.3.1, triple- or quadruple-effect evaporators are used to reduce the amount 
of steam consumed. 

When cell liquor is evaporated past the point of saturation, it is the NaCl that drops 
from solution. It is therefore possible to remove the salt even as the caustic concentration 
increases toward 50%. If evaporation continues until the NaOH concentration is just 
below 50% and the solution is cooled to 20-25°C, the residual salt concentration will 
be about 1%. This is the typical diaphragm-cell caustic of commerce. 

The presence of solid salt as a third phase adds several considerations to process 
design: 

1. deposition of solids in the evaporator bodies 

2. transfer of solids between effects 

3. control of crystal growth 

4. removal and handling of solids. 

Considering these in turn: 

(1) The problem of solids deposition in a diaphragm-cell evaporator can be mitigated 
but realistically cannot be eliminated. Dissolving these deposits is an integral part of the 
operating procedure, and most designs provide an instantaneous capacity about 10% 
greater than the average to allow for it. Washing usually is by boiling water or a solution 
more dilute than normal in order to dissolve the salt. This process is usually referred to as 
a “boilout.” Rollouts are scheduled periodically. The least disruptive consists in merely 
adding water to normal process streams, one effect at a time. This upsets the process 
less than a full shutdown but is correspondingly less effective. Eventually, a shutdown 
with full boilout with fresh water becomes necessary. Efficient process design includes 
a dedicated boilout system with storage tanks and pumps. This allows controlled reuse 
of water and a lower total evaporative demand. Design also must allow for the periodic 
loss of evaporator production. This is the purpose of the extra instantaneous capacity 
mentioned above. Another requirement is to provide enough liquor and salt storage to 
isolate other steps in the caustic and brine processes from this upset. 

(2) Evaporators conceivably could be operated with uniform dispersion of solids in 
each effect, and the solids could be transferred along with the caustic liquor. Practical 
construction of a crystallizing evaporator works against this, and it would be counter¬ 
productive in any case. Transferring the solids along with the liquor would expose the 
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solids to stepwise increases in the concentration of NaOH and decreasing concentrations 
of NaCl. The opposite is preferred. 

Figure 9.65 is a sketch of the configuration of an evaporator designed specifically 
for diaphragm-cell liquor evaporation. The particular model was chosen to illustrate the 
mounting of a barometric condenser directly on the vapor body. It would be suitable as 
the last effect in its system. It is a composite of several designs. Liquor is withdrawn 
from a relatively quiescent zone in the bottom cone. A frequent practice is to withdraw 
the transfer liquor from the outlet of the circulating pump through a liquid cyclone. The 
clarified overflow goes on to its destination, and the concentrate returns to the evaporator 
or to the circulating pump suction. The solids in the evaporator body settle toward the 
bottom, from where they are transferred as a slurry. This design allows the liquor and 
the slurry to be sent in different directions. In a backward-feed evaporator, for example, 
the salt phase can be in forward flow. In this way, it contacts liquors with successively 
lower NaOH/NaCl ratios and leaves the system with a minimum of NaOH contamination. 
Another feature of Fig. 9.65 is the elutriation leg attached to the evaporator. The salt 
slurry and the feed liquor flow countercurrently in the leg. As the slurry thickens by 
settling, this feature helps to strip the caustic solution from the solid salt. 



FIGURE 9.65. Typical diaphragm cell liquor evaporation effect. 
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(3) Some control over the growth of crystals is necessary to efficient handling of the 
slurry and reuse of the salt. Section 9.3.3.2 explains the advantages of a forced-circulation 
evaporator design in this service. The unit shown in Fig. 9.65 is an example of this type. 
An axial pump sends the liquor from the bottom cone through the heater. The source 
of heat is vapor generated in the preceding effect. The vapor duct is at the left of the 
drawing for emphasis. It may actually connect behind the plane of the drawing to give a 
more compact arrangement. The superheated liquor from the exchanger then enters the 
vapor body, at a slight upward angle, below the surface of the boiling liquor. Equipment 
and process design prevents boiling in the heater and keeps the degree of supersaturation 
of the hot liquor very low. The combination produces high-quality crystals. When a flash 
effect follows the standard evaporator bodies, it also produces solids, but in a relatively 
small quantity and in an uncontrolled manner. These solids may be recovered and used 
as seed crystal in the caustic cooling system (Section 9.3.2.4). 

(4) Recovery of solid salt from the caustic liquor is primarily by centrifugation, 
normally in two stages. Section 9.3.2.5 has already covered this operation. Processing 
of the recovered salt depends on the measures taken for sulfate removal. Postponing 
discussion of the sulfate, we consider first the handling of the salt for reuse. 

Nearly all evaporator salt is redissolved for use in chlor-alkali manufacture. Its 
designation as “CP” or chemically pure salt reflects its high quality. Hardness elements 
are largely absent, having been removed in the brine treatment process. The sulfate 
content may be reduced by treatment described below. On the other hand, chlorate 
formed in the cells and small amounts of corrosion products will have appeared. 

In the diaphragm-cell process, the treated brine is less than saturated with NaCl. The 
recovered salt is used to saturate this stream before it flows to the cells. This consumes 
only a portion of the available salt. The rest also is dissolved for feed to the cells. This 
requires the addition of water to the process. Recovered evaporator condensate, like the 
salt, is soft and will add few impurities to the brine system. Since minimal amounts of 
hardness enter with the recovered salt and the condensate, many plants use this brine 
without further chemical treatment. In this case, the two functions of dissolving all the 
salt while resaturating the treated brine obviously can be done in a single step. 

In hybrid plants that operate diaphragm cells in combination with other types, there 
are other options for use of the evaporator salt. One of the advantages of diaphragm cells 
is their ability to operate without penalty on salt supplied in the form of brine. With the 
other types, a brine supply presents a problem with the water balance. With mercury cells, 
for example, solid salt is needed to resaturate the depleted brine for recycle. Evaporator 
salt can fill this need, and, with the right division of production between the two types of 
cell, it is possible to run both types without a supply of solid salt. Several plants operate 
this way. With membrane cells, there are other ways to integrate the two types of cell 
(Section 9.4.1), but the basic idea is that the availability of salt from the evaporators 
again allows the combination to operate from an all-brine supply. 

In any event, there is a need to bring together the salt produced and the stream 
requiring saturation. The usual approach is to transport the salt as a slurry to the appro¬ 
priate brine system. In an all-diaphragm plant, the carrier fluid may be treated brine, 
evaporator condensate, or a mixture of the two. Condensate dissolves much of the salt 
and therefore reduces the size of the stream to be transferred. In a combined plant, the 
transfer fluid is the depleted and dechlorinated brine from the non-diaphragm cells. 
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Slurry is prepared in an agitated tank into which the centrifuged salt drops. The 
carrier fluid also is added to this tank, and the mixture is pumped to its destina¬ 
tion. Crystallized salt forms a well-behaved slurry. The particles are uniform in shape 
and not likely to pack together to form plugs in the transfer lines. Still, the normal 
good practices in slurry pipeline design should be followed. Bends should be gradual, 
routing should be straightforward, and velocities should be high enough to prevent 
settling of the solids. There should be wash connections at the supply end and at 
other strategic points. Many plants handle the salt slurry at solids concentrations up to 
25% w/w. 

When some of the salt is normally transferred to membrane or mercury cells, prudent 
design will also allow its occasional use in the diaphragm circuit. In the membrane¬ 
cell version, this facility can be a simple branch in the slurry-transfer system. In the 
mercury-cell case, the use of separate tanks and transfer pumps and lines will prevent 
contamination of the diaphragm-cell brine system with mercury. 

Under certain conditions, some of the sulfate in the cell liquor crystallizes along with 
the salt. This is in the form of a triple salt containing chloride, sulfate, and hydroxide. In 
most evaporation systems, nearly pure NaCl precipitates from the more dilute effects and 
triple salt from those that are more concentrated. Dissolving the high-sulfate salt along 
with the pure NaCl prevents the escape of the sulfate impurity from the plant. At some 
point, it would accumulate beyond the specified maximum level. Segregating the sulfate 
and purging it from the system can solve this problem, but Section 9.4.2.1 discusses a 
more selective process in which the sulfate is selectively redissolved and recrystallized as 
Na 2 S 04 * IOH 2 O, Glauber’s salt. This is an item of commerce that is sometimes a useful 
byproduct. 


9.3.3.3B. Process Arrangement. The purpose of this section is to examine the directions 
of material and energy flow in a typical diaphragm-cell evaporator (Figs 9.66 and 9.67). 
The example shown is a quadruple-effect unit with backward flow of liquor. 
Section 9.3.3.2 discussed some of the potential advantages of mixed feed, but this 
example is selected partly for the ease with which one can follow the various flows 
through the system. Figure 9.66 shows the flows of vapor and condensate only. This 
avoids much of the complexity of a complete drawing. The vapor flow is straightfor¬ 
ward, with that generated in one effect being used to heat the next. The vapor lines are 
tagged with their pressure levels. The flash effect, mounted next to the first effect in 
order to receive its liquor, actually operates at fourth-effect pressure. 

Condensate heat flow is essentially in the same direction as vapor flow. First, steam 
condensate and evaporator vapor condensate (the latter also variously referred to as 
secondary condensate and process condensate) are kept separate. Steam condensate 
returns to the boilers after exchanging some of its heat with process liquor. Process 
condensate is used as described in Section 12.4,3.2. In the drawing, condensate from each 
of the first three effects first passes through exchangers that heat the liquor (not shown) 
moving from one effect to the next higher. Variations include the use of condensate to 
preheat evaporator feed and the diversion of some condensate to overhead desuperheaters. 
As an example, the drawing shows the use of second-effect condensate to desuperheat 
steam and first-effect vapor. 
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To vacuum 



Heat Interchanger: _Vapor flow 

-Steam condensate 

. Process condensate 

FIGURE 9.66. Diaphragm-cell caustic evaporator—vapor and condensate flows. 



—^ Solution or main stream flow 
. Slurry or solids flow 
O Heat Interchanger 


FIGURE 9.67. Diaphragm-cell caustic evaporator—solution and slurry flows. 


Figure 9.67 (upper right) shows that in the example chosen the flow of cell liquor 
into the evaporator system splits, with a small fraction (4% in the example) going to 
the product filter and the rest to the fourth evaporation effect. Operating at about 7 kPa 
(25 torr) and heated with third-effect vapor, this effect vaporizes a bit more than 25% 
of the water and produces a 13.5-13.8% solution of NaOH. NaCl begins to precipitate. 
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forming a dilute slurry. The whole product of this effect goes on to the third effect 
after heat interchange with second- and third-effect condensate. Since the fourth effect 
produces very little in the way of solids, there are fewer constraints on equipment design, 
and the selection of evaporator type can vary. The other effects are conventional external 
forced-circulation evaporators, perhaps with elutriation legs added. 

The liquor transferred to the third effect first passes through interchanger C. As 
Fig. 9.66 shows, a combination of second- and third-effect condensate provides the heat. 
The other interchangers in our example also recover heat from condensate, the sources 
being shown by corresponding letters in the interchangers on the two drawings. Many 
evaporator systems also use interchange between liquors. Another technique is to flash 
condensate from its operating pressure down to the pressure of another effect. This 
generates vapor for use in the corresponding heater. 

The third effect is heated by second-effect vapor. It raises the concentration of NaOH 
to 18-18.5%. NaCl continues to precipitate, forming a slurry with an average solids 
concentration of about 13%. Relatively clear liquor from the body of the evaporator or 
from a cyclone fed by the third-effect circulating pump is the feed to the second effect. 
This design assumed the latter with a residual concentration of 2% solids. The cyclone 
underflow returns to the pump suction. A separate pump withdraws 25% slurry from 
the elutriating leg and forwards it to a tank whose operation is described below. Since 
circulating pumps develop little head, they may not be able to transfer liquor between 
effects in a backward-flow system. In place of the arrangement described above, a 
separate pump may be required. On the other hand, certain slurry transfers may not 
require pumping. 

The pattern of flows holds for the second effect. It receives liquor from the third 
effect and is heated by vapor from the first effect. The dissolved NaOH concentration 
increases to about 27-28% in the second effect. 

The circulating liquor in the first effect is heated with 10-bar steam. The product is 
42% NaOH with about 10% suspended solids. Flashing this from the operating pressure 
of 175 down to 7 kPa, the fourth-effect pressure, produces a 15% slurry in 49,3% NaOH 
solution (b.p. 82°C). Part of the pumped stream goes to sulfate removal. The rest is split 
by a cyclone into a nearly clear solution and a 40% solids underflow. The underflow 
goes to the slurry tank. The clear stream is the final product of the evaporation section. 
Its dissolved NaCl concentration is about 2.5%. Product coolers deliver a solution that 
is 50% NaOH and 1% NaCl, with about 2.5% suspended solids. Cooling and solids 
removal are the subjects of Sections 9,3.2.4-9,3.2.6. 

The slurry tank is a receptacle for the salt precipitated in the flasher and the first 
three effects. In the scheme shown in Fig. 9.67, it also receives the salt removed in the 
product filter. This is as a solution or slurry in cell liquor. The net production of solid salt 
leaves the evaporator system by way of a centrifuge that drops it into a collection tank. It 
can be dissolved in water or dilute brine or slurried in brine for return to the brine plant. 
Liquor from the centrifuge returns to the slurry tank, which usually has a conical bottom 
that allows it to act as a partial separator. The accumulated liquor can then be removed 
from the top portion of the tank as relatively dilute slurry. It returns to the evaporators. 

Slurry from the second and third effects goes directly to the slurry tank. First-effect 
slurry requires handling of a different sort. First, it contains triple salt. This can be 
handled, as in Section 9.4.2.1, to produce Glauber’s salt or anhydrous sodium sulfate. 



980 


CHAPTER 9 


It is also possible simply to purge enough of this salt to maintain the sulfate specification 
in the product caustic soda. The purge is more efficient when the salt is removed through a 
centrifuge, as shown. Second, the liquor from the first effect is on its way to final product 
recovery. Better phase separation is desirable here, and so the slurry passes through a set 
of cyclones. The emphasis is on delivery of clear liquor, and the concentrated underflow 
joins the other slurries in the tank. 

The sidestream of first effect, or flash effect, slurry that goes to sulfate removal is 
centrifuged and washed if necessary for the recovery of mother liquor. The liquor and 
wash solution drop to the slurry tank. The collected salt, which is 15-20% Na 2 S 04 , is 
purged. The amount of NaCl lost, in one particular design, was about 1 % of the quantity 
purchased. Section 9.4.2.1 describes more elaborate systems that remove sulfate more 
selectively. 

The split of first-effect/flash-effect slurry between the main stream and the sulfate 
centrifuge is adjusted to maintain an acceptable standing sulfate concentration in the 
cells and the evaporators while removing all the fresh sulfate entering the plant. Beyond 
choosing slurry from the first effect, in our example there is no segregation of high- 
and low-sulfate evaporated salt. The design is appropriate for a plant receiving salt that 
contains about 0.2% CaS 04 . 


9,3.3.4. Membrane-Cell NaOH. First, assume that the product of the cells is 32% 
NaOH. The evaporative load per weight of NaOH in 50% product then is 1.125. The 
steam demand is much lower than in the diaphragm-cell process. It is important to note 
that the evaporative load is a strong function of cell concentration. Reducing the con¬ 
centration from 35% to 30% increases the load by more than 50% when the product is 
to be 50% NaOH. 

Evaporation of membrane-cell caustic is simple concentration, and there is no need 
to handle crystallized salt. With the smaller steam demand and the higher BPRs in the 
system, fewer effects can be justified, and Section 9.3.3.1 points out that the usual number 
is two or three. Very small plants may have only one effect. 

Double-effect evaporators tend to produce steam economies of 1.6-1.85 in 
backward-flow systems. Triple-effect steam economies are about 2.5, and flow arrange¬ 
ments are backward or mixed. Steam economy is variable and as a primary measure 
of performance may be unreliable. For example, the extent of use of steam condensate 
for heat interchange varies. This practice retains heat within the evaporator system and 
always improves the measured steam economy. The overall heat economy, however, 
may not improve. Recycling colder condensate to the boilers may simply transfer some 
of the load from the process to the utility area. 

Since membrane-cell evaporators do not produce solids, forced-circulation evap¬ 
orators are used less frequently. Rising-film and falling-film types appear in a number 
of plants. The rising-film evaporator depends on natural circulation of caustic from the 
bottom to the top of the tubes. Falling-film evaporators, as shown in Section 9.3.3.2, 
depend on pumps to lift caustic to the distribution system at the top. These units gener¬ 
ally have better heat-transfer coefficients and less tendency to foul. Recirculated units 
in particular allow good control of flow to maintain a proper film on the tubes. This also 
permits the designer to provide more turndown capability. Liquid velocities are lower 
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than in rising-film evaporators, and entrainment of caustic by the vapor generated in the 
tubes is less of a problem. 

Example, Here we consider a double-effect evaporator concentrating 35% NaOH to 
50%. Figure 9.68 shows a backward-feed system using medium-pressure steam. The 
material balance table is based on one ton of NaOH. 

The caustic feed (Stream 1), entering the second effect from the left, contains 35% 
NaOH and is at 90®C. A vacuum system, here in the form of a steam jet, maintains a low 
operating pressure. The condenser, not shown, normally is a barometric unit. With heat 
supplied by vapor from the first effect, the second effect produces 42% NaOH, which 
then goes to the steam-heated first effect. The first-effect product liquor (Stream 4) is 
50% NaOH at 136°C. 




1 

2 

3 

4 

5 


Process 

Caustic 

Intermediate 

First-Effect 

First-Effect 

Final 


Stream # 

Feed 

Product 

Feed 

Product 

Product 


NaOH 

1000 

1000 

1000 

1000 

1000 


H 2 O 

1857 

1377 

1377 

1000 

1000 


Total 

2857 

2377 

2377 

2000 

2000 


% NaOH 

35 

42.1 

42.1 

50 

50 


Temp., °C 

90 

73 
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135 

78 


Vapor 

6 

7 

8 

9 

10 

11 

Stream # 

Steam 

Flash 

1st Effect 

Combined 

2nd Effect 

Ejector 




Vapor 

Vapor 

Vapor 

Steam 

Flow Rate 

527 

83 

377 

460 

480 

22 

Temp., °C 

182 

82 

131 

122 

68 

182 

Press., kPa 

760 

65 

65 

65 

7 

1035 


FIGURE 9.68. Double-effect membrane-cell evaporation process. 
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The two most common methods of energy economization are the interchange of 
heat between two streams and the flashing of condensate to produce steam for use in 
a later effect operating at lower pressure. Both methods are illustrated here. In the 
interchanger, the product of the first effect heats the liquor transferred from the second 
effect. The interchanger is specified to give a temperature approach of 5°C. This occurs 
on the cold side. The product therefore leaves at 78°C and may require more cooling. 
The 42% solution enters the first effect at 117°C. The condensate from the first effect 
is estimated to be at 180®C; this is a function of mechanical design as well as of the 
thermal properties of the system. Reducing the pressure to that in the second-effect 
heating element produces more vapor (Stream 7), increasing the amount available to 
heat the second effect by 22%. 

The net result with this simple arrangement is a steam economy of about 1.62 
(857 kg evaporated/527 kg steam consumed; including the estimated steam usage in the 
ejector drops the steam economy to 1.56). A simple single-effect evaporator with no form 
of economization would have a steam economy of only 0.67. The design features in our 
example have reduced the steam requirement by nearly 60%. The use of two effects also 
reduces the demand for cooling water in the final condenser. The saving here, based on 
vapor load, is about 44%. It is on the low side of 50% because (1) the feed material is 
hot and above the second-effect boiling point, and (2) flashing of condensate produces 
more steam for the second-effect heating element. Both situations increase the amount of 
vapor generated in the second effect and sent to the condenser. The absolute value of the 
change depends on the sort of condenser used and the policy regarding allowable water 
temperature rise. The use of the interchanger also reduces the amount of cooling water 
required by the product stream. If the product were to be cooled to 50®C for example, 
the cooling water usage would be reduced by a factor of about three. Assuming a lO^C 
rise in cooling water temperature, the saving would be about lOm^. 

The temperatures in the two effects were estimated from the boiling point data in 
the Appendix. The second effect operates at 7 kPa, where the boiling point of water is 
38.9°C. At this pressure, 42.1% NaOH has a boiling point rise of 29.6°C. The boiling 
temperature of the solution therefore is 38.9 -h 29,6 = 68.5°C. The first effect operates 
at 65 kPa. In this case, water boils at 87.2°C, and the solution concentration is 50%. The 
estimated BPR is 43.5''C, giving a boiling temperature of 130.7°C. 


9.33.5. KOH Evaporation. Evaporation of KOH solutions is in all respects similar to 
NaOH evaporation. Many of the properties of KOH solutions are close to those of NaOH 
solutions at the same weight concentration. Table 9.24 compares several properties of 
50% solutions; the temperature-dependent properties are listed at 40®C. Viscosity is a 
striking exception to the otherwise close match of properties. Handling of KOH solutions 
is correspondingly easier. 

Because KOH produced in membrane cells often has a lower concentration than 
its NaOH counterpart, the evaporative load per unit of product may be higher. The final 
product concentration usually is either 45 or 50% KOH. The load then is 1.1-1.5 kg water 
per kg KOH. The lower limit is quite close to that associated with NaOH evaporation; 
the upper limit is about one third higher. Since KOH plant capacities are as a rule much 
lower, however, evaporators are physically smaller and third effects are harder to justify. 
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TABLE 9.24. Properties of NaOH and 
KOH Solutions 


Property 

NaOH 

KOH 

Boiling point, °C 

143 

145 

Freezing point, °C 

12 

10 

Density, kg 

1510 

1500 

Specific heat 

0.77 

0.67 

Vapor pressure, mniHg 

3.5 

9 

Viscosity, cp 

23.5 

1.8 


The close match of freezing points in the above table is fortuitous. The freezing-point 
behavior of NaOH solutions in particular is rather complex. While NaOH forms a eutectic 
at 47% NaOH (approximately Na 0 H- 2 . 5 H 20 ) and there is a freezing point maximum 
at 39% NaOH that is actually higher than the value at 50%, the freezing point of KOH 
drops off rapidly with increasing dilution. The complications that accompany a positive 
freezing point are avoided when KOH is produced at a concentration slightly below 50%, 
and 45% solution is a common article of commerce. 


9.3A. Purification of Caustic 

9.3.4.1. Removal of Dissolved Salt from Diaphragm-Grade NaOH. The high concen¬ 
tration of salt in diaphragm-cell caustic soda led to the development of a split market. 
The diaphragm-cell grade is not suitable for all applications and mercury-cell caustic 
often commanded a premium as “rayon grade.” Membrane-cell caustic has similar 
advantages and also can sell at a premium. Some diaphragm-cell caustic therefore is 
upgraded to increase its utility. Several routes are possible, including fractional crystal¬ 
lization of NaOH and recovery by forming an alcohol clathrate and distilling it under 
vacuum. The former has been practiced commercially, but because the crystals formed 
are NaOH- 3 . 5 H 20 , the basic product is limited to about 40% NaOH and requires further 
concentration. 

The standard commercial process is based on extraction. Anhydrous ammonia has 
the ability to extract neutral and less basic salts, along with some of the water, from caustic 
soda. Figure 9.69 shows the process licensed by ELTECH Systems. Aqueous caustic 
soda and nearly anhydrous (^^98%) ammonia are pumped separately to an extraction 
tower which operates above 3,000 kPa. A small fraction of the ammonia stream can 
flash through an exchanger to cool the remaining liquid. This prevents vaporization at 
the suction of the ammonia feed pumps. Both streams to the extractor are preheated to 
60-65°C. In passing up the column, the ammonia extracts chloride, sulfate, chlorate, and 
some of the carbonate from the caustic. Typically, by feeding about 0.4 kg of ammonia 
for each kilogram of 50% caustic, 96-98% of the salt can be removed. The extract 
contains about 3.5% NaCl and 6.5% NaOH. The chlorate and sulfate contents depend on 
their levels in the caustic feed. Extraction removes a smaller fraction of the carbonate. 
The ammonia also is heavily diluted with water (about 2 parts H 2 O /3 parts NH 3 ). 




FIGURE 9.69. NaOH purification process. 
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The extract passes to an ammonia stripper operating at an intermediate pressure 
(about 1,450 kPa). Much of the ammonia flashes, and the injection of steam at the bottom 
of the column drives off the rest. Most of the ammonia is recovered for recycle by way 
of the anhydrous ammonia storage tank. At different levels in the stripper column, other 
ammonia-containing streams are recycled. These are identified below. 

The stripper bottoms, at nearly 200°C, can be a valuable source of heat. First, it can 
be interchanged with a dilute ammonia stream (carrying the ammonia from the scrubber 
bottoms) that is being recycled to the stripper column. Then, it is flashed at a positive 
pressure of about 1 atm to generate some of the steam used in the feed ammonia and 
caustic preheaters. The resulting solution will contain 2.3-2.5% NaOH at a temperature 
of about 125°C. It is a waste stream from the process. In some cases, it has served as a 
source of OH“ for the chemical treatment of brine. 

The caustic from the bottom of the extractor is flashed to remove most of the 
dissolved ammonia. Like the ammonia stripper, the primary flasher operates at the inter¬ 
mediate pressure of about 1,450 kPa. The flashed vapor abstracts its latent heat from the 
remaining liquid. A trim heater on the caustic fed to the flasher supplies the necessary 
heat to offset the drop in temperature that would otherwise occur. The flashed ammonia, 
along with some water vapor, then can go to the stripper for separation into ammonia 
vapor and water. 

Next, the flashed caustic, which still contains about 2% ammonia, goes to an evap¬ 
orator. This operates under vacuum (about 40kPa absolute). The remaining ammonia is 
driven off as an approximately 15% w/w vapor, the balance being water. The condensate 
from the overhead exchanger is collected. 

Not all the ammonia is recovered by condensation with ordinary cooling water. 
The remaining vapor therefore, after boosting in a vacuum pump, goes to a scrubbing 
column with two sections. In the first section, the vapor contacts a stream of cooled 
ammonia/water condensate. In the upper section, the remaining vapor contacts a cooled 
stream of fresh water. When all the condensate and the scrubber solution are combined, 
a 12-15% solution of ammonia results and collects in a storage tank. The net production 
of this material goes back to the stripper. This is the stream mentioned above as possibly 
being interchanged with the stripper bottoms. 

The bottoms from the evaporator is the product of the purification plant. It will 
contain less than 0.05% NaCl and will be at about 125°C. It can be used in other 
processes or cooled for storage and shipping. 

The vapor flashed from the stripper bottoms is condensed and held in a receiver that 
is vented to the ammonia scrubber. The condensate returns to the process. 


93.4.2. Removal of Other Impurities. Salt is easily the impurity present in the highest 
concentration, and its concentration fixes the load on the extractor. Other impurities can 
be important in some applications of the product caustic. Color bodies, for example, 
contaminate some solutions. Chlorate is another contaminant whose presence may be 
objectionable. 

As stated in the previous subsection, chlorate is successfully removed by ammonia 
extraction. This is an expensive process whose main objective is the removal of the much 
higher quantity of chloride that is present in diaphragm-cell NaOH. It is also designed 
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to operate on 50% NaOH solution. For both technical and economic reasons, then, it is 
not used to remove chlorate from membrane-cell liquor. 

Other techniques can be used to supplement the extraction process or to treat 
higher-quality caustic, where it would be difficult to justify the high cost of an extrac¬ 
tion/stripping plant. Most of these alternatives involve the chemical reduction of chlorate. 
One such process uses an oxidizable organic added to the caustic solution. Ordinary sugar 
is one such organic, and Section 9.3.5.2 covers its use in the production of anhydrous 
caustic. The presence of chlorate at high temperature and caustic concentration causes 
rapid corrosion of the nickel equipment, and its reduction by sucrose reduces the metal 
contamination of the product and extends the life of the equipment. The technique is less 
successful under milder conditions. Chemical reduction also is possible with classical 
reducing agents or hydrogen donors such as hydrazine and borohydrides: 

2C10J + 3 N 2 H 4 2Cr -h 3 N 2 + 6 H 2 O 
4C10J + 3BH“ ^ 4Cr -h 3BOJ + 6 H 2 O 


The latter is expensive. 

Direct reduction with hydrogen is also possible. The chemistry is the same as that 
discussed in Section 7.5.9.4B: 


cio“ + 3H2 ^ cr -h 3H2O 


This requires the use of a catalyst (usually a transition metal of Group VIII) at modest 
to high pressure and temperature. One version that has been in commercial practice for 
many years [150] is to use a ruthenium catalyst on carbon at 100-250°C and pressures 
above 5 atm. 

The last method of reduction to consider is the electrochemical route. This is similar 
to the method described in Section 7.5.9.4B for the removal of chlorate from brine, and 
the overall chemistry is the same: 

CIQ- + 3 H 2 O -h 6e ^ Cr + 60H" 


Development of a practical cell with efficient and stable electrodes would be necessary 
for commercial use of this process. 

Color bodies may be metal ions or organics. Treatment with adsorbents is a con¬ 
ventional process, and Mannig and Scherer [151] describe the use of hydrogen peroxide 
as a decolorizing agent. Metal ions can also be removed electrochemically. 

In diaphragm cells, it is also possible to suppress the formation of chlorate. Hypo¬ 
chlorite formed in the anolyte can be catalytically decomposed by additives in the 
diaphragms [152,153]. Impregnation of the asbestos with cobalt or nickel oxide reduces 
the amount of chlorate in the catholyte. The use of 1.1 kgNiO per kg asbestos lowered 
the chlorate level from 8 to 2 kg t“^ NaOH over a period of 30 days at 95% current 
efficiency. 
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9.3.5. Solid Caustic 

9.3.5.1. Solid Forms and Their Production. There is a relatively small market for solid 
caustic. Certain applications require the fused material, and in other cases freight savings 
offset the additional processing cost. We consider three forms of solid here: bulk, flaked, 
and prilled. KOH is seldom formed into prills. 

Bulk solid, usually in drums, is made from molten caustic simply by pouring it 
into containers and allowing it to cool. This is the cheapest process, giving the least 
convenient and perhaps most hazardous form of the product. It is often removed from 
drums by directing a stream of water into the open tops. The drums should then be 
upended for greater safety. Some types of drum are simply cut away from the block of 
caustic, leaving a solid mass to be handled or dissolved. 

Flakes result from the chilling of molten caustic containing about 2-3% water 
on a rotating roll. Molten material from the concentration process described in the next 
subsection falls by gravity into a trough or a pan and deposits onto the roll. A doctor blade 
scrapes the solid loose, and it breaks up into flakes between 2 and 20 mm in size. The 
flakes drop into a hopper and usually are packaged in specially designed multiwall bags 
or lined drums. The flaking drum, fabricated in low-carbon nickel, is cooled internally, 
usually by a water spray designed to maintain an even surface temperature. Flaking 
plants require equipment and area washdown systems and some means of dust control. 
The flaking drum is enclosed to reduce operator exposure, heat loss, and exposure of the 
caustic to atmospheric moisture. 

Prills are made in large-diameter towers similar to those used to produce urea. 
Molten caustic is pumped to (an) atomizing device(s) in a tower. The molten beads thus 
formed are about one millimeter in diameter and are frozen by countercurrent contact 
with a stream of circulating air. Anhydrous caustic materials are powerful desiccants, and 
so it is essential to avoid sorption of moisture from the air. One approach is to keep the 
temperature in the tower high (e.g., 140^C) and then to take the beads through a second 
tower or a solids cooler outside the tower. The latter reduces the product temperature 
to about 50°C, and it is handled in stainless steel conveyors and elevators. Schmittinger 
and coauthors [154] give a flowsheet for this version of the process. The other approach 
to prilling is to do all the cooling with air but to keep the system dry by the continuous 
addition of dry air to the process. 

This apparently simple process requires several tradeoffs and the balancing of 
variables: 

1. small particles are more easily cooled but may be flung into contact with the 
tower walls while still molten; 

2. large particles avoid the above problem and may have better flow properties 
when dry, but they require more time to cool even as they fall faster and spend 
less time in the cooling zone; 

3. increasing the rate of heat transfer by providing more airflow or colder air can 
prevent the problems of sticky particle surfaces implied above, but too-rapid 
cooling can freeze the droplet surfaces prematurely. The ‘‘case hardening” that 
results slows the transfer of heat from the interior of the droplets. The res¬ 
ult is sticking and agglomeration in the bottom of the tower, the downstream 
equipment, or the packages. 
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While the added processing makes prills more expensive than flakes, they have 
superior flow properties and are less prone to agglomeration caused by the absorption 
of water. 


93,5.2, Preparation of Molten Anhydrous Material, The starting material for the pro¬ 
duction of solids usually is an approximately 50% solution from an evaporation plant. 
First, this must be concentrated to produce anhydrous material for one of the finishing 
processes described above. Optimization of design for production of solids from the cell 
product probably would not give 50% liquor at any stage, but no substantial integrated 
commercial plants are dedicated to solids, and so a liquid product must also be available 
for sale or transfer. 

NaOH melts at 31 and KOH at 360°C. It is theoretically possible to produce any 
desired concentration by evaporation. Practically, however, some water, up to several 
percent by weight, will remain after atmospheric evaporation. Table 9.25 shows the 
rapid increase of boiling point with %NaOH. The last few entries are extrapolated values 
based on the observation that the boiling point is linear with the logarithm of the water 
content [155]. 

“Anhydrous” NaOH is made in concentrations of 97% and up. Figure 9.70 shows 
the process. A nominal 97-98.5% product is made in two evaporation steps. The first is 
a conventional recirculated falling-film concentrator operating under vacuum. Pressure 
typically is about 55torr (6.9 kPa). The outlet concentration is 60-63%. This solution 
goes on to the final concentrator. This, too, is a falling-film unit, operating at atmospheric 
pressure and heated by molten salt. The salt is a mixture of sodium and potassium nitrites 
and nitrates at 425^50®C. The following composition gives a melting point of 149®C: 


Na 50.3% NO 3 63.0% 

K 49.7% NO 2 36.9% 

OH 0.1% 


The salt is circulated through a fired heater to maintain its temperature. Fuels range from 
hydrogen to #6 fuel oil. 

The first evaporator is heated by vapor generated in the second. The feed liquor is 
heated by exchange with evaporator vapor and added to the recirculation line of the first 
evaporator. A solution of sugar (sucrose) in dilute NaOH is also added to reduce chlorate 
and so prevent corrosion of the nickel evaporator. The composition of the solution usually 
is 10-20% sugar and 1-3% NaOH. 


TABLE 9.25. Boiling Points of High-concentration 
NaOH Solutions 


% NaOH 90 95 97 98 99 99.5 99.8 

B?3C 291 328 355 377 414'' 451" 500" 


Note: ° Extrapolated value. 
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FIGURE 9.70. Production of anhydrous caustic. 


Pye reported in a patent [156] that the stoichiometry of the reaction had not been 
ascertained, but he based his claims on the reaction 

C 12 H 22 O 11 + SNaClOs ^ 8NaCl + IIH 2 O + I 2 CO 2 


This requires only about 0.4 parts of sugar to reduce each part of sodium chlorate. To the 
extent that the byproduct of decomposition is hydrogen rather than water, the theoretical 
requirement for sugar will increase. In practice, however, there is usually a substantial 
excess of sugar (say, 2 parts/part NaClOs, well above the amount required by either 
mechanism). This excess should be limited to a reasonable value, because each part of 
sugar can produce 3.8 parts of Na 2 C 03 impurity in the product. The total consumption 
of sugar is usually less than 0.5 kg per ton of NaOH. 

The product of atmospheric evaporation (up to 98.5% NaOH) could be made into 
prills rather than flakes, but physical properties improve at concentrations above 99% 
NaOH and this is the standard grade for prilling. The higher solids concentration is 
produced by flash evaporation of the 98% melt under vacuum. Figure 9.71 shows that 
it is important to achieve a final concentration of more than 97% NaOH in the atmos¬ 
pheric evaporator. This diagram superimposes operating lines for flash evaporation of 
saturated solutions on plots of temperature vs % NaOH. The enthalpy data reported by 
Standiford and Badger [155] were the basis for the calculations. These authors eval¬ 
uated, correlated, and in some cases extended literature data to arrive at a complete 
description of the NaOH-water system. The normal boiling point data up to a con¬ 
centration of 98.7% are those of von Antropoff and Sommer [157], reported above in 
Table 9.25. The boiling points under vacuum are those calculated by the method of 
Haltenberger [158]. One operating line shows that NaOH flashed from 97% passes very 
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FIGURE 9.71. Course of flash evaporation of concentrated NaOH. 


close to the freezing point curve. Given process heat losses and the nature of the approx¬ 
imations made in constructing the diagram, this is too close for comfort. With starting 
concentrations below 97%, the temperature at some point would drop below the freezing- 
point curve before the desired concentration was reached, and the process would be 
inoperable. 

As suggested in Section 9.3.2.1, nickel is the universal choice for construction of 
piping and equipment handling hot anhydrous caustic. These systems require protec¬ 
tion from stress as well as from corrosion by the hot caustic and contained chlorate. 
Stress can result from errors in manufacture or installation, faulty operation, or temper¬ 
ature cycling between ambient and the processing level. Carbon can precipitate at grain 
boundaries when the metal is held at temperatures above 3 IS'^C and cause intergranular 
stress-corrosion cracking. Nair [159] discusses failures that have been attributed to stress 
cracking and points out the superiority of nickel 201, with its lower carbon content, to 
nickel 200. 


9.5.<5. Caustic Product Handling 

Pasquariello [ 160] has reviewed the requirements for efficient and safe handling of caustic 
and presented design considerations for storage and piping systems. Caustic soda and 
potash are most frequently stored in carbon steel tanks. The exterior of such tanks should 
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always be painted. Internal linings prevent product contamination as well as corrosion of 
the steel. Epoxy linings are common, and neoprene latex linings are a common feature 
in the chlor-alkali industry. Vertical tanks with flat bottoms and conical roofs are the 
standard. Smaller tanks usually have approximately equal heights and diameters, but 
larger tanks frequently are constrained in height by the high density of caustic solutions. 
Common design codes for steel tanks include API 620 and 650. The design of reinforced 
plastic vessels usually follows ASTM RTP-1. Horizontal tanks are sometimes used, 
especially when some pressure rating is required. They should be supported on concrete 
saddles or on steel saddles installed on concrete. 

A large plant that sells all its caustic output to a diverse group of customers will 
need adequate storage and loading facilities and a large fleet of dedicated tankers. The 
latter is easily overlooked in preliminary economic evaluations. Tank cars can be leased 
or purchased outright. In either event, they represent a considerable cost, as the following 
example makes clear. 

Example, As 50% solution, daily production will be 1,600 tons. This has a volume of 
less than l,100m^, but to provide freeboard and a small safety margin, we shall use 
1,200 m^. A producer whose output is dedicated to one or a few nearby customers 
might require less than a day’s finished product storage. The producer who is primarily 
a chlorine merchant with a far-flung caustic soda business will require more storage 
volume and an extensive fleet of delivery vehicles. Here, we shall assume that the plant 
has four days’ worth of finished product storage. 

Volume required = 4 x 1,200 = 4,800 m^. Use two tanks, each 2,400 m^ liquid volume. 
Tank dimensions: 17 m diameter, 12 m height (11 m to overflow — 2,497 m^) 

Material: carbon steel lined with neoprene latex; polyurethane insulation 
Surface area: 875 m^ exposed to air (say 900), 227 to ground (say 250). 

Each tank car holds 90 tons of 50% NaOH. Approximately eighteen cars must be loaded 
each day. Allowing for a car turnaround of one month, the fleet must comprise about 
550 cars. This number contains no specific allowance for cars that are undergoing major 
maintenance. Trackage should allow for 4 days’ worth, or 72 cars, and should include 
facilities for washing as well as loading of cars. 

Cell caustic at 32% will amount to 2,500 tpd with a volume of about 1,900 m^. We 
allow for 2,000 m^ liquid per day. The volume stored will depend on the policy adopted 
and on any provision made for storage of off-specification material. 

Section 9.3.2.1 discusses materials of construction for NaOH and KOH in some 
detail; a short summary of their application to product tankage follows here. Carbon 
steel is the standard material of construction for NaOH and KOH below 50°C. Corrosion 
allowances of about 3 mm usually apply. Welds should be made with rods containing 
|%Mo. Stress relief can extend the serviceable temperature range (Fig. 14.21), but 
the danger of contamination of the caustic continues to increase. If temperatures may 
occasionally be higher or if product contamination is a major consideration, tanks are 
lined or coated. Rubber and thermoplastic coating systems are widely used, and some 
tanks are lined with metal sheets or cladding. When more resistant metals are necessary, 
stainless steel and nickel also appear in this service. Stainless steels offer improved 
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resistance to corrosion, but there is always the possibility of interior stress corrosion or 
exterior chloride attack. Temperature in stainless steel should be restricted to a maximum 
of 95°C. Nickel is suitable for all reasonable concentrations and temperatures and will 
not contaminate the solution. Nickel or nickel-clad construction is standard for 73% 
NaOH. 

Suitable plastics within their temperature limitations are PVC, polyolefins, and 
fluorocarbons. PVC and polyolefins may be wrapped with FRP to provide strength; FRP 
alone is not used, because of the possibility of attack by caustic. 

Tank nozzles should include an adequately sized vent and an overflow that is piped 
to grade. The inlet fill nozzle should be above the overflow. There should be a valve 
on the fill line at the nearest practical location. A location near grade usually meets the 
definition of “practical.” The outlet line should likewise have a valve located close to the 
nozzle. The addition of spare nozzles should be considered for lined tanks and others 
that are difficult to weld after fabrication. 

Storage volume should satisfy operating, maintenance, inventory, and shipping 
requirements. A producer’s plant will usually have enough storage to hold some num¬ 
ber of days’ worth of production. A consumer’s storage capacity will reflect the plant’s 
average demand and the time required for a shipment to arrive. Often, volume is fixed at 
1.5 times the size of a transport container. Large consumers will be on a regular schedule 
of delivery and can set their storage volume accordingly. Those who consume mater¬ 
ial continuously should have at least two tanks to provide for filling, testing, inspection, 
maintenance, and gauging for transfer. Multiple tanks also are common when the dimen¬ 
sions of a single tank would be excessive or when the use of two smaller tanks in place 
of a large one reduces the volume required inside a dike. 

Siting of tanks should consider vehicle and personnel access and the possible expos¬ 
ure of personnel to leaks. Warning signs should be present, along with labeling according 
to local regulations. The storage area should be well lit. Even if nighttime operations are 
not contemplated, the design should consider emergency situations. 

Most climates require heating to avoid wintertime freezing of 50% solution. Even 
when this is not necessary, NaOH solutions often are heated to reduce their viscosity. 
Tank heating may be internal or external. External heating usually is by way of pumped 
circulation through heat exchangers. This also provides an opportunity for blending 
(Section 9.3.2.7). Since it is necessary to heat only the material being pumped, the use of 
a preheater on the pump suction line is feasible. The reader should note that this ignores 
the usual advice not to add any pressure loss in suction lines. Internal heaters usually are 
nickel coils or bayonets served by low-pressure steam. It is important not to overheat 
the solution. Localized boiling on tube or coil surfaces can result if the steam pressure 
is too high. The primary element for temperature control should be a thermocouple at 
the elevation of the heater. There should be local temperature indication and a high- 
temperature alarm. Level instrumentation also is necessary. Again, there should be local 
indication. To avoid overfilling, there may be administrative controls or stepped alarms. 
A high-level alarm would give warning of a dangerous situation, and a high-high alarm 
with shutdown would stop the filling process. The shutdown signal should come from 
an independent switch, not from the primary level sensor. 

Tanks, pipelines, and other equipment also may be traced to maintain temperatures. 
Offset tracing lines are recommended when the steam temperature is high enough to boil 
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the solution. Glass tape is a serviceable material for spacers. Steam-traced systems built 
of carbon steel require stress relief. 

Necessary utilities include steam, air, water, and electric power. Potable water 
should be available for safety shower and eyewash facilities. A lower grade of water 
sometimes can be used for flushing. Blending operations may require water of higher 
purity. 

Centrifugal pumps are the standard for all strengths up to 50%, Stainless steel (Type 
316) is a common material of construction. In process applications, high-nickel irons 
(e.g., Ni-Resist) appear. Nickel again has the advantage of reducing contamination of the 
solution and is also used in high-temperature applications. Packing and mechanical seals 
both are in widespread use, although the modem trend is away from packing. Packing 
and double mechanical seals should be flushed with clear water. Single mechanical seals 
with process fluid lubrication also are used. These should be drained and flushed at every 
shutdown. 

Spills are especially likely during loading and unloading, and spill control is an 
important consideration. The facilities, often in isolated locations, should be designed to 
contain any liquid that is discharged to the ground. Railroad ballast of necessity drains 
rapidly, and any spilled material can quickly penetrate the soil. Spill-containment pans 
will prevent the spread of hazardous or polluting materials away from the handling 
points [161]. 

A caustic merchant will also need facilities for washing returned containers. A 
typical system uses rotating sprays placed internally. Positioning of the sprays requires 
hoists and flexible loading arms. Water is pumped through the sprays to reach all parts 
of the car. Flow rates usually are 20-25 m^ hr“ ^; the head to be developed by the pump, 
which may be of ductile iron, depends on the characteristics of the spray nozzle. Power 
requirements typically are about 12-15kW. Warm water is much more efficient than 
cold water; steam-water mixers are simple means of providing heat. Experience will 
determine the length of the washing cycle; timers can be used to allow the operation to 
proceed without constant attendance. Most washing facilities include a recycle system. 
This requires drain collection and piping to a catchment from which the wash liquor 
can be pumped to a storage tank. When the liquor reaches a certain concentration, it 
is sent back to the process or used in the emergency scrubber system. The water used 
in the washing system should be suitable for the end use of the wash liquor. It should 
be checked for harmful impurities before use. Tankers occasionally will be returned 
with a heel of product. After analysis of the contents or consultation with the customer 
who returned the material, it can often be returned to storage. Topping up such a tanker 
requires careful checking and some discretion. 

Caustic tank cars invariably are lined. Sometimes, there are false economies in 
the choice of lining. Cost cutting often leads to the use of a lining material that is less 
than the best or of rapid curing techniques that do not achieve high crosslink densities. 
Cathcart [162] reported that, in 1987 prices, the difference in costs between the cheapest 
and most expensive formulations surveyed was $300 per car. Over the life of the lin¬ 
ing (not allowing for the longer life that probably results with the better coating), the 
difference is less than $0.2 per ton NaOH shipped. In application, there is a tendency 
to shorten curing cycles. The quality of a lining invariably benefits from thinner coats, 
with at least a solvent vaporization step between coats and a proper cure at the end. 
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The caustic shipper is well advised to invest in the quality of the lining. Using the max¬ 
imum differential cost referred to above, with a modest allowance for inflation, the entire 
fleet of 550 cars called for in our example could have the best coating, rather than the 
cheapest, applied for an increment of $200,000. If we consider that this might reduce the 
downtime for maintenance or increase the lifetime of a car by 1%, the size of the fleet 
could be reduced by five cars. The savings would be well above the $200,000 investment 
in better linings. 

Linings generally are more resistant to concentrated caustic than to more dilute 
solutions. This is of particular significance when washing tanks or tank cars. If a pool 
of concentrated material is diluted and then allowed to remain stagnant, a lining can 
be damaged more in a short time than in a long period of normal service. Finally, the 
linings that have been serviceable for many years in caustic service are less attractive in 
other applications. When tank cars are intended for multiple products, the neoprene and 
SBR latexes that are highly resistant to caustic products will not be chosen. A dedicated 
fleet of tankers, whether owned or leased, can be specified with the right lining for the 
service. 

Example. We have assumed the use of two product storage tanks, each 17 m in diameter 
and 12 m high. Holding the contents at 60° C against the minimum ambient temperature 
of —5°C gives a differential of 65°. The heat lost from a tank is a function of the 
thickness of its insulation and the velocity of the wind. We allow a loss of 16 MJ hr“^ 
from each tank. 50% NaOH boils at 140°C. To keep skin temperatures below the boiling 
point, the steam pressure must be limited to 265 kPa. Assume approximately 200 kPa, 
or a condensing temperature of 133°C. With a storage temperature of 60°C and a heat- 
transfer coefficient of 4,500kJhr“^ m~^/°C, each square meter of exchange surface 
transfers 4,500 x (133-60) = 328,500 kJhr“^ The total surface requirement therefore 
is 16,000,000/328,500 = 48.7 m^. Using nominal 3-inch diameter tubing, we require 
slightly more than 200 m of tubing in each storage tank. 

Loading facilities should be sized on the basis of no more than twelve hours 
in operation per day. We therefore require a loading rate of (800td~^)/(12hrd“^)/ 
(0.751NaOHm“^) = 89, say, 100m^hr“^ 

Insulation and auxiliary equipment such as pumps and exchangers should be 
inspected along with the tanks. 

Section 9.L8.6C mentioned governmental regulations and the need to recognize 
marine hazards in barge transportation of chlorine. This applies as well to transport 
of caustic (P80). In the United States, shoreside operations are covered by 33CFR, 
Subchapter L, Part 126 and bargeside operations by 46CFR, Subchapter O, Part 151. Each 
caustic barge must carry copies of certificates of inspection and financial responsibility in 
a secure place. Oceangoing barges must also carry an International Load Line Certificate. 
These certificates certify barges for the service and list any loading constraints. The load 
line certificate establishes the freeboard required under various circumstances and the 
location of the load line that is marked on each side of a vessel. 

Everything in this section so far applies to cell and primary evaporator liquors. The 
handling of 73% NaOH solution requires extra care, and Sections 9.3.2.1 and 9.3.2.2 
discuss the need to upgrade materials of construction. The freezing point of this material 
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is about 62°C, and tank cars and wagons that handle it have steam coils. The temperature 
should be restricted to 100°C. 

The usual technique is to dilute the solution while unloading it. Water, added to 
an in-line mixer through a flow meter or a flow-ratio controller, dilutes it to the desired 
concentration. Both feed lines should be protected against backflow. Dilution from 73% 
to 50% evolves about 450kJkg“^ NaOH. This must be removed and the final solution 
cooled sufficiently to prevent corrosion or contamination of the solution in the storage 
facility. Coolers may be shell-and-tube units with Monel tubes or plate exchangers, 
which for the best service have nickel plates. Temperature measurement on the streams 
entering and leaving the cooler is advisable. The best practice is to measure solution 
temperatures in and out of the cooler. Caustic pumps typically have cast iron or stainless 
steel bodies with stainless steel. Alloy 20, or nickel impellers. 

The transfer line, which normally sees infrequent use, should be equipped with 
steam-out connections and should be designed accordingly. Design of the storage tank 
should incorporate normal standards. Appurtenances should include a bottom drain, a 
top fill connection, a vent, and a pump takeoff connection some distance above the floor 
of the tank. PTFE-lined plug valves are common in this service. 


9.4. BYPRODUCT UTILIZATION 
9.4J. Evaporator Salt 

The energy consumed in the evaporation of cell liquor to 50% NaOH is a major dis¬ 
advantage of the diaphragm-cell process. The evaporation process also brings some 
offsetting advantages. First, the removal of water from the process makes it pos¬ 
sible for a plant to operate with a brine feed. Most mercury- and membrane-cell 
plants use the more expensive solid salt or return depleted brine, at a cost, to 
a brine well for reconcentration. Second, the evaporation yields refined salt as a 
by-product. 

This salt is particularly a valuable resource in plants that use more than one type of 
cell. Both mercury and membrane cells produce depleted brine that must be resaturated 
for recycle. Diaphragm-cell evaporator salt is a natural fit for this application. 

Combining mercury and diaphragm cells is straightforward (Fig. 9.72). Some of the 
evaporator salt is used to resaturate the diaphragm-cell brine after chemical treatment. 
The rest is available to resaturate mercury-cell depleted brine. A given mercury-cell plant 
will have a certain need for salt. This fixes the minimum size of the diaphragm-cell plant 
required as a salt producer. Only in an ideal world would the two types of cell remain 
forever in perfect balance, and the plant design must accommodate any imbalances. 

When diaphragm-cell production outruns the mercury cells, the excess salt can be 
sent to the brine resaturator that serves the diaphragm cells. In the opposite situation in 
which there is not enough salt for the mercury cells, it is possible to increase the salt 
production in the evaporators by pumping more brine through the diaphragm cells and 
accepting a lower conversion of NaCl. Eventually, the capacity of the brine system or 
the evaporators will be reached, and then there must be a curtailment in production or 
purchase of supplemental salt. 
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FIGURE 9.72. Integration of mercury and diaphragm cells with evaporator salt. 


Plant design must also cater to the shutdown of one line of cells. If the diaphragm 
cells are shut down, the mercury cells can operate on stockpiled evaporator salt or 
purchased salt. If neither is available, the mercury cells will be forced to shut down. In 
the case of a mercury-cell shutdown while evaporator salt is still being produced, the salt 
can be stockpiled in a resaturator (see Section 7.2.2.2 for a discussion on wet storage of 
salt) or used to produce new brine. The latter approach probably involves curtailment of 
production from the diaphragm cells. 

Several mercury/diaphragm hybrid plants have operated for many years. We can 
expect no more to be built. New mercury cells will not be installed. Any expansion at 
a mercury-cell site would first of all probably be based on membrane cells and second 
probably be an occasion for retirement of at least some of the mercury cells. 

When membrane cells are to be combined with diaphragm cells, the situation is 
a bit different. The same approach could be taken, simply resaturating membrane-cell 
brine with diaphragm-cell salt and recycling the saturated brine to the membrane cells. 
The flowsheet then would be similar to Fig. 9.72. There is a better option [163], shown 
in Fig. 9.73. 

The dechlorinated brine still is resaturated with evaporator salt but then is used as 
feed to the diaphragm cells. This approach breaks the recycle loop around the membrane 
cells and prevents impurities from building up in the membrane plant by recycle. This 
avoids damage of the membranes by the “compound X” effect in which some impurity, 
perhaps not originally recognized, reaches a harmful concentration. The evaporator salt 
may also contain recognized impurities that would accumulate in the recycle operation. 
The concentration of silica, for example, is not always very low in evaporator salt. It 
has also been suggested [164] that nickel and chromium picked up in the diaphragm-cell 
evaporators can damage the membrane cells. 
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FIGURE 9.73. Integration of membrane and diaphragm cells. 


If capacities are imbalanced toward the diaphragm side, some of the brine from the 
primary treatment must flow to the resaturator. If the membrane-cell capacity is high, 
some of the resaturated brine can be sent to those cells. This re-establishes the recycle 
loop, but the diaphragm cells remain as a gigantic purge from the brine system, and 
recycle accumulation of impurities still is strongly limited. 

In a balanced plant, all the chemically treated brine flows through ion exchange, 
not just that equivalent to the membrane-cell production. This adds a cost to the process, 
because in a segregated operation only that brine corresponding to the membrane-cell 
production would be so treated. At the same time, it improves the quality of the brine 
fed to the diaphragm cells. This in turn improves the current efficiency of those cells, 
but little information is available in the literature, and it is not possible to quantify the 
phenomenon here. 

The flowsheet of Fig. 9.73 should not be adapted to mercury-diaphragm integration 
because it will introduce mercury contamination into the diaphragm-cell plant. 


9.4.2, Sodium Sulfate 

The sulfate accompanying NaCl brine is sometimes recovered as a by-product. In the 
diaphragm-cell process, sulfate is available as a concentrated purge from the evaporators. 
In the membrane-cell process, there is no natural point of high sulfate concentration, but 
it is possible to isolate sodium sulfate in the brine treatment process (Section 7.5.7,2B). 


9,4.2.1. Diaphragm Cells. The sulfate present in the brine passes into the catholyte 
and then on to the caustic evaporators. As the concentration of NaOH increases during 
evaporation, sulfate begins to drop out of solution as triple salt, NaCl * NaOH • Na 2 S 04 . 
Under the proper process conditions and concentrations, this salt breaks down into its 
components. The result is a solution from which sodium sulfate can be crystallized as 
Glauber’s salt. This is the decahydrate, Na2SO4*10H2O. 

Many diaphragm plants operate triple-salt decomposers and Glauber’s salt crys¬ 
tallizers. In some cases, this is simply an environmental measure designed to reduce 
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the total dissolved solids in the plant’s effluent by separating the NaOH and NaCl 
from the sulfate. The Glauber’s salt is dissolved and discarded. In other cases, the 
Glauber’s salt is recovered for sale or on-site use. It is not a highly marketable commod¬ 
ity (Section 9.4.2.3). It may be easier to dispose of the anhydrous sulfate. Drying the 
Glauber’s salt at sufficiently high temperature removes the water of hydration and leaves 
the anhydrous form as product. 

Figure 7.86 shows equilibrium data for the system NaCl/Na 2 S 04 /H 20 in connec¬ 
tion with a description of a process for sequential crystallization of salt and sulfate from 
brine. The reader will recognize that the intermediate liquor in that process is similar 
to the liquor produced in triple salt decomposers. The same technique and operating 
conditions therefore apply to recovery of Glauber’s salt in the present case. 

Figure 9.74 shows one version of the process for removal of the sulfate from the 
evaporator salt. The salt falling to the leaching tank includes the triple salt formed in the 
evaporators. The feed may contain all the NaCl as well, or it may be just the high-sulfate 
salt, segregated from the pure NaCl produced in certain effects. Enough water enters 
the process to produce a relatively thin liquor in the leach tank, causing the triple salt to 
decompose. 

Since the addition of water is not great enough to dissolve the salt, the leaching 
tank still contains a slurry, but the solid phase is now depleted in sulfate content. It is 
important not to dissolve too much NaCl in order to keep the Na 2 S 04 content of the 
liquor high. One of the pumps (left-hand side of the leaching tank) sends part of the 


Vapor 



FIGURE 9.74. Crystallization of Glauber’s salt. 
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slurry through cyclones to recover the purified salt. The overflow returns to the leaching 
tank while the salt with part of the sulfate removed drops into a slurry tank. From here, 
it goes off to the user. On the right-hand side, a second pump sends another part of the 
slurry through cyclones, with the concentrated underflow returning to the leaching tank. 
The collected liquid becomes the feed to a Glauber’s salt crystallizer. 

The apparatus must fit the demands of the process, and the draft tube baffle crys¬ 
tallizer is a frequent selection [165]. Figure 9.75 is a generic version of an evaporative 
type. The design features an agitator inside a central draft tube. In the illustration, the 
agitator is suspended from the top of the crystallizer. Some designs use underslung 
bottom-mounted agitators, which have the advantage of shorter shafts. The agitator is 
pitched to pump suspended magma up to the liquid surface. The solids concentration in 
the slurry usually is 25-50% apparent settled volume. With the hydrostatic head kept 
low, the agitator can circulate large volumes with reasonably low power consumption. 
A high rate of circulation limits the degree of supersaturation at the surface, which is 
controlled at a level some distance above the top of the draft tube. The crystals swept 
to the boiling surface by the agitator grow rapidly there. This leads to the production of 
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relatively large crystals. Directing the feed liquor toward the agitator promotes its rapid 
dispersal and also contributes to controlled particle growth. 

Recirculating crystals return to the agitator through the annulus between the draft 
tube and the baffle. The latter as shown here is an extension of the shell of the upper 
cheunber. The volume between the baffle and the outer wall allows the slurry to sepeirate. 
The crystals fall toward the bottom, and the clarified mother liquor overflows from the 
top of this section. This mother liquor can go on to further processing or return to the bot¬ 
tom of the crystallizer. The rate of withdrawal of mother liquor determines the clarifying 
efficiency behind the baffle. It can be varied to control the amount or size of fine crystals 
that leave the crystallizer. These crystals can redissolve in a fines killer if the circulating 
mother liquor is heated or if an unsaturated feed stream is introduced. The latter is the nor¬ 
mal practice in the recovery of Glauber’s salt from caustic evaporators. This action keeps 
the fines out of the final crystal product and makes the particle size distribution narrower. 

Crystals can be withdrawn as a slurry from the bottom section. The illustration also 
shows the use of an elutriating leg similar in function to those described in Section 9.3.3.3. 
The wash liquor that enters the bottom of the leg helps to remove occluded mother liquor 
before the slurry leaves the vessel. Addition of the elutriating leg favors the use of the 
top-mounted agitator. 

Supersaturation results, as noted above, from boiling in the crystallizer. Figure 7.86 
shows that Glauber’s salt is the stable solid phase only at reduced temperature. The sys¬ 
tem therefore runs under vacuum, provided by any standard apparatus (Section 12.6.1). 
Evaporation of water cools the liquor into the desired temperature range. 

Besides the production of large crystals, draft tube baffle crystallizers have several 
other advantages: 

1. simple process control 

2. high degree of turndown possible with stable product characteristics 

3. slow fouling; long operating cycles 

4. easy drying of product and little caking (result of narrow particle size 
distribution) 

5. ability to fabricate in corrosion-resistant materials 

Draft tube baffle crystallizers have a broad range of application, particularly in inorganic 
chemistry. They are used in the recovery of KCl (Section 7.1.6.2B), other potassium 
salts, and sodium chlorate, as well as many other products. 

Because of the normally low concentration of sulfate in the process liquors and the 
limited degree of recovery of Glauber’s salt in the crystallizer process, the productivity 
is low. Figure 9.76 presents an example in which the amount of Na 2 S 04 removed is less 
than 1 % of the total flow into the crystallizer. 

Example, Washed salt from the primary centrifuge (Stream 1) drops into a leaching 
tank. The composition of the salt depends on the processing conditions and the amount 
of sulfate in the cell liquor. Here, we assume that the centrifuge cake is about 96% solids 
and the amount of Na 2 S 04 precipitated is 2.8% of the total solids (dry basis). This tank 
will export clear liquor to the Glauber’s salt crystallizer and slurry to a salt recovery 
system, for return to the brine plant. The leach tank also receives mother liquor from 
the crystallizer (Stream 3) and a small amount of evaporator condensate (Stream 2) to 
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FIGURE 9.76. Glauber’s salt removal process. 


maintain the water balance. The evaporator system normally has a chilled source of 
condensate available as a utility. The leach tank is mildly agitated to promote mixing 
while allowing a clear liquor overflow. In the system shown, this stream does not pass 
through the cyclones of Fig. 9.74, while the remaining material is pumped as a 25% 
slurry (Stream 5) to a secondary centrifuge that produces a cake with about 96% solids 
(Stream 6). This drops into a tank where it meets some of the crystallizer mother liquor 
(Stream 8). This is another material balance requirement. This tank also receives the 
carrier fluid that will transfer the salt as it is pumped to the brine plant (Stream 9). Here, 
we assume the use of brine as the carrier but do not include it in the material balance. 
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The centrifugate from the secondary centrifuge mentioned above (Stream 7) also 
goes to the leach tank. The overflow, joined as it leaves the tank by more chilled condens¬ 
ate (Stream 4), goes to a crystallizer feed tank (not shown), from where it is pumped to the 
Glauber’s salt crystallizer (Stream 10). This is an evaporative crystallizer, operated under 
vacuum to remove a small fraction of the water (Stream 12). The source here is a steam 
jet, and the condensate from the aftercooler is in some cases combined with the main 
evaporator condensate. Draft-tube baffle crystallizers are common in this service, and 
clear mother liquor is withdrawn from behind the baffle (Stream 11, comprising Streams 
3 and 8). This returns to the leach tank and the salt slurry tank, as described above. Slurry 
removed from the bottom of the crystallizer (Stream 13) contains the Glauber’s salt that 
is rejected from the caustic evaporator system. The solids concentration in this slurry 
is taken to be 50%. This product or the anhydrous form may have some commercial 
application, in which case a designer might opt for a more efficient separation. In this 
example, we show the Glauber’s salt concentrate going to a dissolving tank. It dissolves 
in water from the crystallizer’s barometric condenser(s) and is ready for disposal. The 
concentration of the solution will depend on conditions in the vacuum system. 

When a cyclone (not shown) is used to concentrate the Glauber’s salt slurry, the 
overhead can be combined with the crystallizer mother liquor. “Mother liquor” at that 
point properly becomes a misnomer. The crystallizer process may have a number of 
sidestreams and recycles to improve the efficiency of the process, but these do not 
change the fundamental mode of operation which this example is meant to illustrate. 


9.4.2.2. Membrane Cells, The bulk of the sulfate in the electrolysis circuit moves into 
the catholyte only in diaphragm cells. In membrane cells, it remains in the anolyte. Even 
when a salt contains only a modest amount of sulfate, then, it can accumulate by recycle 
and exceed the allowable concentration in the cells. For this reason, the many techniques 
of sulfate control described in Section 7.5.7 have been developed. 

Some of those techniques remove sulfate from the brine in a potentially useful form. 
The last part of Section 1,5,1.2 describes sequential crystallization of NaCl and the sulfate 
from brine. As in the discussion above, the product of crystallization is Glauber’s salt. 


9,4,2.3, Recovery of Caustic Value, Byproduct sodium sulfate is not a readily market¬ 
able commodity. The United States alone generates more than 1.5 million tons per year, 
and those chlor-alkali plants which sell the material may not recover even the cost of 
crystallization [166]. Modified membrane cells that regenerate caustic soda and sulfuric 
acid by electrolysis of Na 2 S 04 solution therefore have been studied. These reverse the 
neutralization reaction and regenerate the acid and base: 

Na2S04 + 2H2O ^ 2NaOH + H2SO4 

The actual course of reaction involves the electrolysis of water at both electrodes. When 
a solution of Na 2 S 04 is fed to the anolyte compartment, the oxidation of water occurs: 


2H20^4H++02+4e 
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A major objective in cell construction is to have the current flow through the membrane 
as Na"^, not The latter is a potential major yield loss. Both the membrane and the 
anode coating must be optimized for good results. 

The selectivity of the membrane process is enhanced when the sodium ion concen¬ 
tration in the anolyte remains high. The solution leaving the anode chamber therefore is 
a mixture of Na 2 S 04 and H 2 SO 4 . 

The familiar reduction of water occurs on the cathode side: 

4 H 2 O + 4e ^ 40H" + 2 H 2 

The quality of the NaOH formed is high, but it usually is restricted to rather low 
concentrations (~ 10 %). 

This subject is treated in more detail in Section 15.4.3, which also describes altern¬ 
ative arrangements such as three-compartment cells that can produce both NaOH and 
H 2 SO 4 of high purity. 


9,4.3. Amalgam 

Alkali metal amalgams are rather exotic chemicals, and so there has always been some 
interest in using them in the synthesis of products more specialized than caustic soda 
or potash. Handling problems and the very low concentration of the alkali metal in the 
amalgam have prevented large-scale application. Since the advent of strict limitations on 
mercury discharge and the pressure to avoid its use altogether, much of the incentive has 
disappeared. While there still are some plants using amalgam in other syntheses, we can 
expect no substantial growth in this field. Our interest is mostly technical and historic. 

In many of the applications of this chemistry, the identity of the cation is not 
important, and so we consider the use of sodium amalgam only. The classical summary 
of industrial amalgam chemistry is that of MacMullin [167], and we shall follow his 
treatment here. 

Amalgams usually are classified into three types. Metals of the gallium type (Ga, 
Fe, Ni, Co, Mn, Cr, Al) amalgamate with difficulty and tend to be insoluble in mercury. 
Standard electrode potentials are more negative than those of the metals themselves, so 
amalgamation makes these metals less noble. The zinc type (Zn, Pb, Sn, Cu) amalgamate 
readily and dissolve easily in mercury. Electrode potentials of the amalgams are nearly 
equal to those of the metals. The sodium type (Na, K, Li, Ca) amalgams are not highly 
soluble in mercury, but their standard electrode potentials are less negative than those 
of the metals. This makes the metals less reactive in water and makes mercury-cell 
electrolysis possible. 

MacMullin lists possible applications of amalgams: 

1. Production of free metals 

(a) by distillation of free mercury 

(b) by electrodeposition. 

2. Production of metal alcoholates 

3. Amalgam metallurgy 

(a) separation of pure metals from their electrolytes 

(b) reduction of metallic chlorides to produce other metals. 
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4. Organic reductions 

(a) ketone to pinacone 

(b) oxalic acid to glyoxylic acid 

(c) quinone to hydroquinone 

(d) nitro to azo to hydrazo aromatics. 

5. Production of metal salts by reaction with element or acidic compound 

(a) sodium sulfide from sodium and sulfur 

(b) sodium hydrosulfite from sodium and sulfur dioxide 

(c) sodium chlorite from sodium and chlorine dioxide 

(d) sodium nitrite from sodium and nitrogen peroxide. 

Here, we consider three examples: the production of sodium methylate, sodium sulfide, 
and sodium hydrosulfite. 

Alcoholates result when alcohols replace water in the decomposer refaction: 


2Na(Hg) + 2ROH 2NaOR + H 2 + (Hg) 


The same reaction takes place between metallic sodium and an alcohol, but that reaction 
can be overly vigorous, and it involves all the hazards of handling metallic sodium. 
The increased nobility of the metal when amalgamated was the chief attraction of the 
electrolytic route. 

Alcohols react more sluggishly than water in a decomposer, and the rate of reaction 
declines as the carbon number of the alcohol increases. Except for the question of proper 
sizing, the decomposer design is much the same as those used for production of NaOH 
and KOH. Propyl alcohol is not active enough to be of any interest. Ethyl alcohol is less 
active than methyl alcohol, and it was in the case of sodium methylate that this reaction 
had its commercial success. This compound, like any alcoholate, hydrolyzes readily to 
the alcohol and caustic soda, so strictly anhydrous conditions are necessary for synthesis, 
another reason for limited commercial production of sodium ethylate. 

The decomposer product is a 5“15% solution of NaOCHs in methanol. The hydro¬ 
gen gas from the decomposer is saturated with CH 3 OH. Most of the latter is recovered 
in a condenser; the hydrogen is purified further in an absorber. The NaOCH 3 solution, 
after filtration, can then be concentrated to about 35% by evaporation under atmospheric 
pressure. It can be processed to a fine, white, free-flowing powder by vacuum drying. 
The powder requires careful handling; it is hygroscopic and slowly oxidizable, and it 
has a decomposition pressure of about 0.5 kPa at 20°C. 

Sodium methylate is also produced commercially by reaction of NaOH with meth¬ 
anol. Distillation of the byproduct water away from the reaction drives the process to 
completion. 

Sodium amalgam can react with polysulfide solutions. Generically, some number 
n of sulfur atoms combine with two atoms of sodium and then react with amalgam to 
produce n molecules of sodium sulfide: 


NaaSn + (2n - 2)Na(Hg) ^ «Na 2 S -f (Hg) 
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The poly sulfide forms when sulfur dissolves in recycled Na 2 S. The final product can 
be the crystalline enneahydrate (30-35% Na 2 S) or a 55-60% flake. The latter derives 
from nominal Na 2 S 4 and requires care to keep the entire system warm enough to prevent 
freezing. Decomposers are horizontal and arranged for cocurrent flow of the amalgam 
and the sulfide solution. Some versions are made more efficient by compartmentalization 
and the use of mild agitation in the aqueous layer in each compartment. 

Sodium hydrosulfite is still a specialty product of some mercury-cell chlorine plants. 
As the flow diagram, Fig. 9.77, shows, the source of sulfur is SO 2 . This is dissolved into 
a circulating Na 2 S 03 solution to form the bisulfite: 

Na 2 S 03 + SO 2 + H 2 O -> 2 NaHS 03 

Controlling the pH at 5-1 gives a mixture in which about 80% of the contained sulfur is in 
the form of bisulfite. The decomposer is a stirred reactor with partial water jacket. Good 
agitation and temperature no higher than 40®C are essential. The reaction of amalgam 
with bisulfite would produce NaOH as a byproduct: 

2 NaHS 03 + 2Na(Hg) ^ Na 2 S 204 + 2NaOH -h (Hg) 

The NaOH, however, combines with some of the bisulfite to regenerate sodium sulfite. 
As a result, the overall stoichiometry becomes 

4 NaHS 03 + 2Na(Hg) ^ Na 2 S 204 + 2 Na 2 S 03 + 2 H 2 O 



FIGURE 9.77. Production of sodium hydrosulfite using amalgam (after MacMullin [167]). 
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The reaction product is a slurry of crystals of Na 2 S 204 * 2 H 20 . The slurry is pumped 
through a filter press to remove the crystals. The filtrate is the sulfite solution that absorbs 
the SO 2 as it recycles to the amalgam decomposer. Isolation of the anhydrous product 
involves dehydration of the crystals at 60-65°C, filtration, washing with alcohol, and 
drying under vacuum. The product may contain a small amount of residual mercury. 
This prevents its use in some applications. 

Another synthetic route to Na 2 S 204 relies on the reaction of SO 2 with zinc dust. 
This forms zinc hydrosulfite, and double decomposition with NaOH then yields the 
sodium salt. 


9A.4. Calcium Carbonate 

Calcium carbonate formed during brine treatment is usually a waste product. Depending 
on the composition of the salt used, it may be available in large quantity (high calcium 
content) and reasonable purity (high calcium/magnesium ratio). As an example, an 
800-tpd plant based on rock salt containing 0.5% soluble CaS 04 will produce 1,500 tpy 
of CaC 03 . In the past, a number of plants were able to sell, or transfer at no cost, much 
of the carbonate sludge. One of the major applications was in agricultural supplements. 

Prominent markets today for fine CaCOa are as fillers in paper, paint, PVC, rubber, 
putty, cosmetics, and toothpaste and as an antacid and a calcium supplement in foods. 
Surface-coated grades are also produced and are more easily dispersed in organic mater¬ 
ials. CaCOa is also used to coat paper, and its use as a filler has increased rapidly with 
the increase in alkaline papermaking. Many small precipitation plants now operate at 
papermill sites. Controlled precipitation of calcium carbonate allows control of crystal 
geometry and particle size distribution. This allows custom production with attractive 
properties for various markets. With the recent expansion in precipitated calcium car¬ 
bonate capacity, there are fewer possibilities for disposal of the relatively low-quality 
material from a brine plant. 

Calcium carbonate also can be decomposed into its components by calcination or 
into CO 2 and CaCh by digestion with hydrochloric acid. The CO 2 can be absorbed into 
caustic solution to produce carbonate for brine treatment. If calcium is used to suppress 
the solubility of sulfates in raw salt, the CaCl 2 also can be recycled. The latter technique 
can be limited by the presence of other metallic impurities. 
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10.1. INTRODUCTION 

The purpose of this chapter is to gather in one place some of the basic considerations that 
apply to the engineering techniques and unit operations that are important in the chlor- 
alkali process. Thus, the chapter begins with a discussion of material and energy balances 
(Section 10.2). These are basic to all of chemical engineering and are used implicitly 
throughout this book. Here, we present some of the fundamentals. Section 10.3 then 
covers current distribution. This is uniquely important in electrochemical processing. 
The presentation discusses methods of predicting and determining the distribution of 
current in electrochemical reactors of different kinds. 

Sections 10.4 and 10.5 cover some of the classical unit operations of chemical 
engineering. Section 10.4 covers basic fluid dynamics and the fluid-handling operations 
common to brine and cell gases. Section 10.5 turns to the transport operations of heat 
transfer, absorption, adsorption, ion exchange, distillation, and evaporation. 

The treatment here is brief and is intended to provide general background. More 
detailed information is available in a wide variety of textbooks and literature review 
articles. This chapter does not discuss practical details of engineering and operation. 
These appear in the relevant sections in earlier volumes. 

10.2. MATERIAL AND ENERGY BALANCE 

In the chemical industry, a given raw material is typically fed to a reactor where it 
is processed to obtain the desired product at a finite rate and efficiency. The depleted 
stream is often sent back to a preparation operation to recover the unconverted raw 
material. The other inputs to the process, besides the materials, are utilities and energy, 
the sensible and latent heats of raw materials and products contributing to the energy 
balance. The product is separated from the effluent and is further purified in the finishing 
section for shipment (Fig. 10.2.1 A). The energy balance for chemical processing is 
related to the transfer of materials in the flow diagram under discussion. Figure 10.2.1.B 
shows a general description of the flow of energy in and out of the reactor. 

The combined flow of materials and energy in the three chlor-alkali processes shows 
that there is significant transfer of energy [1] between unit operations. In the case of 
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HGURE 10.2.1. Material and energy balance around a reactor. 


mercury cells, production of 1 ton of caustic requires the circulation of about 400 tons of 
mercury, which transfers 80-90% of the heat between the electrolyzer and the amalgam 
decomposer. Likewise, the brine flow is a major factor in the transfer of heat between 
the brine treatment process and the chlorine cell. 

Since the energy balance is based on thermodynamics, we will summarize some 
important concepts in Section 10.2.1 before applying them to an electrochemical process 
in Section 10.2.2. 


10.2.1. Thermodynamics 

10.2.1.1. Energy Changes Caused by Chemical Reactions. The energy inflow to a sys¬ 
tem, Q, is the sum of the work done by the system, and the change in its internal 
energy, At/. This is the first law of thermodynamics. We may separate the electrochem¬ 
ical energy, nFE^ from the rest of the energy inflow as illustrated in Fig. 10.2.2 (see also 









CHEMICAL ENGINEERING PRINCIPLES 


1015 


Heat 

Work 

Electrochemical Energy 

Pl,Vi,U 


Qi 

Wi 

nFEi 


i,ui,m 


t 

hi 

1 


P2,V2,U2,U2,m 





Reactor 

W 2 



nFE2 ^ 




^2 


standard State 


FIGURE 10.2.2. Energy balance around a continuous reactor. Q — Heat; W = Work; n = Number of 
electrons during charge transfer; F = Faraday’s constant; E = Electrical potential; p — Pressure; V = 
Volume; U — Internal energy; m = Mass; u = Velocity. 


Chapter 4). The inflow and outflow of the energy passing through a continuous reactor 
are given by Eqs. (1) and (2). 


Energy inflow = Qi ~ Wi — nFE\ +h\ — -\- p\V\ ^ - - + Ui 

gc 2gc 


Outflow energy = —Q 2 + W 2 + nFE 2 + h 2 - 

i 


^ gc 


2gc 


0 ) 

( 2 ) 


where subscripts 1 and 2 refer to the inflow and outflow, respectively, h to height, g to 
acceleration due to gravity, gc to the conversion factor for g, and 


nFE — electrochemical energy, (3) 

g 

h — = potential energy, (4) 

pV = work done by pressure, (5) 

and -= kinetic energy. (6) 

2 gc 


Since the inflow of energy is equal to the outflow, we have: 


Q~W - nFE = AH 


(h 2 -hi)g ^ uj - u\ 
gc 2gc 


( 7 ) 
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where 


Q = Qi + Q 2 

(8) 

w = Wi + W2 

(9) 

E = El + E2 

(10) 

Hi — Pi Vi + Ui (enthalpy) 

(11) 

AH = H2 — Hi (enthalpy change) 

(12) 


10.2.1,2. Sensible Heat and Latent Heat. Since the heat inflow caused by volume change 
at constant pressure is equal to the enthalpy change, the specific heat Cp is given 
by the equation: 



or 

AH=f^CpdT (14) 

JTi 

The specific heat is a function of temperature and can be represented as: 

Cp = ofo + ofi T + + a3T^-|-* • * • + Qr_2T ^ (15) 

where the coefficients are available in standard thermodynamic data compilations. 

The enthalpy change caused by the phase change of water from ice to steam through 
the liquid phase, for example, is given by: 

fTm fTb pT2 

AH= Cp(s)dT+Xm+ Cp(/)dr+Xb+/ Cp(g)dT (16) 
JTi JTm Jn 

where = latent heat of melting, A.b = latent heat of vaporization, ( 5 ) = solid, 
(/) = liquid, (g) = gas, and the subscripts: 1 = initial state, 2 = final state, m = melting 
point, and b = boiling point. 

The integral terms in Eq. (16) are the sensible heats. The latent heats are given by 
the Clausius-Clapeyron equation: 


A = T{V2 - Vi) — 
‘dr 


(17) 


where Vi and V 2 are the molar volumes before and after the phase change respectively, 
and Pi is the vapor pressure. 
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10.2.1.3. Isothermal Change and Adiabatic Change. Under isothermal conditions, the 
internal energy is unchanged (i.e., AU = 0). Thus, for 1 mol of an ideal gas, 

Q = w =In In (18) 

In the case of an adiabatic change, on the other hand, there is no heat transfer, so g = 0. 
Hence, 


At/ = -IT = -pV 

Substituting the above equation and the relationships for an ideal gas 

Cp = Cv + /? (19) 

y = Cp/Cv (20) 

into the specific heat expression at constant volume, Cy = {dU/dT)y results in: 

Ti \V2) VpJ 

or 

pV^ — constant 

We may consider Carnot’s cycle for an ideal gas (Fig. 10.2.3). The changes from state 
A to state B at T = Ti and from State C to State D at T = are isothermal, whereas 
changes from State B to State C and from State D to State A, are adiabatic. The overall 
work, W, for the cycle is: 


( 21 ) 


( 22 ) 


W ^Wab + WbcA- Wcd + Wda (23) 


where the subscripts represent the respective steps. Since steps BC and DA are adiabatic, 

Wbc = -Ubc = -~ f 'cydT 

Jti 

Wda = -Uda = - Cy dr = - Wbc 

Jti 


and 


Pq^Pb 
Pd Pa 



1018 


CHAPTER 10 



FIGURE 10.2.3. Carnot’s cycle for ideal gas. 


Substituting the above equations and Eq. (18) into Eq. (23) results in: 


or 


where 


W = RTi In + RT 2 In 


RTi In 




72 ln(Pc/PD) \ 

Ti ln(pg/p^) j 


— = 1-Zl 

Gi Ti 


(24) 


Cl = ^AB = RTi In (p^/Pj^) 


is the heat inflow and W is the work to the surroundings. The ratio W/Ci is the energy 
efficiency of the heat engine, which is a function of temperature but independent of the 
state of the surroundings. Similarly, it can be shown that Cl = ^CD* Therefore, with 
Eqs. (23) and (24), we have: 


or 


Cl C2 

Ti T2 


= 0 




dQ(R) 


= 0 


T 


(25) 
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Therefore, the total sum of the changes of state in a cycle is zero. In other words, since the 
changes of the state functions for steps AB and CD are 2 1 / Ti, and respectively, 

Eq. (25) shows that the state function QjT of the reversible system is independent of 
the path. This new state function. 


or 


dS = 


dQjR) 

T 




(26) 


is called the entropy change. 

We may consider heat transfer between two rooms as shown in Fig. 10.2,4, Heat Q 
is transferred from the system at temperature Ti to the surrounding at temperature 72, 
and, hence, the entropy change A 5 is 

\T2 tJ 72 V 

The system is reversible and therefore, the work W 
Substitution of Eq, (24) in Eq, (27) results in 


is represented by Eq, (24). 


W = T2 AS 


(28) 


Thus, the loss of work is the product of the entropy change AS and the temperature of 
the surroundings 72. 

The enthalpy change caused by the phase change of water is shown by Eq. (16). 
Substituting Eq. (26) into Eq. (16) leads to 


S-Ss 


Jn 


JTr. 


where Ss is the entropy of the standard state and is equal to the integration constant. 
Consequently, S can be calculated by using this equation when Ss is known. 


Room 1 


Room 2 


Ti>T2 


FIGURE 10.2.4. Heat transfer between rooms and entropy change. 
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10.2 J A, Free Energy and Chemical Equilibrium. We may now recapitulate other state 
functions, the Helmholtz free energy A, and the Gibbs free energy G as discussed in 
Section 4.1, 


A = U -TS (30) 

G = H-TS = U-\-pV-TS = A + pV (31) 

Since dW = pdV and dQ = T dS for a reversible system, 

dU = dQ - dW ^ T dS - pdV 

Substituting the above equation and Eq. (11) into Eqs. (30) and (31) leads to: 

dA = dU -TdS-SdT = -[pdV - SdT] (32) 


or 


AA = AU - TAS 


(33) 


and 


dG=dH -TdS-SdT = V dp-SdT (34) 

Since TAS is the heat generated in a reversible process, —AA = -•(A 2 — A 1 ) is the 
work of the process on the surroundings. In practice, however, the system is not ideally 
reversible, and hence the work to the surroundings is always smaller than — A A. In other 
words, — AA is the maximum work of isothermal change. 

With this background, we can consider an electrolytic cell containing zinc and 
platinum sheets in a dilute sulfuric acid solution, with the two electrodes connected with 
each other outside the cell. The following reaction occurs: 

Zn + 2H+ = Zn2+ + H 2 

(state 1) (state 2) ^ ’ 

with the generation of 2 F of DC electricity for each mole of Zn dissolved. The reverse 
process may proceed if energy W is supplied from the outside. Although DC electricity 
is generated by a galvanic cell (Eq. 35), the work corresponding to the volume change 
p A V is not available for other use. Therefore, the maximum work capable of generating 
energy is 


We = -AA - pAV = -AG 
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and is equal to nFE. Consequently the maximum voltage or the electromotive force of 
the galvanic cell, is: 


Ev = - 


A G 
~nF 


(36) 


Since reaction (35) in the forward direction is exothermic, E^ is positive and hence, AG 
must be negative. 

The Gibbs free energy change caused by temperature changes at constant pressure 
is given by: 


/dAG\ 


-AS = --- 


A// - AG 


(37) 


Substituting Eq. (36) into Eq. (37), we have the Gibbs-Helmholtz equation, as well as 
other relationships which are useful in electrochemistry: 


and 



(38) 

(39) 



(40) 


In general, the energy changes for the chemical process. 

Initial State —> Final State (41) 


under batch and continuous modes are represented by Eqs. (42) and (43) respectively, 

AGr = EGf - SGi (42) 

AGr = SGf - EGi (43) 


where subscripts I and F denote the initial and final states, respectively. These equations 
constitute the Hess law of constant summation, which is another description of the first 
law of thermodynamics. The reaction heat A//r can be calculated from these equations 
when the enthalpies of the two states are given. It is evident that AGr < 0 and A//r > 0 
describe exothermic and endothermic reactions, respectively. 
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When a substance is heated to temperature T and the pressure reaches p at 
equilibrium, the Gibbs free energy or the chemical potential for the process can be 
written as: 


lx = G = H -TS (44) 

From the first law and the second law of thermodynamics, 


AH = Q = TAS 


it follows that: 


AfM = AH - TAS = 0 

Hence, the chemical potentials of liquid and vapor are equal to each other, that is. 


Efx = 0 (45) 

The chemical potential is the Gibbs free energy for 1 mol of the species under 
consideration, and hence it is a convenient term for the discussion of chemical processes. 

Since the chemical potential of a gaseous species varies with temperature and 
pressure, we may define it as follows: 

= RTln f (46) 

where / is an effective pressure called the fugacity, and /x® is the standard chemical 
potential at / = 1. 

These representations are also valid for liquids or solutions when the activity, a, is 
substituted for /: 


/X = /X® + RT In a 


(47) 


where 


a = yC 


(48) 


where y is the activity coefficient and C the concentration. 

By convention, y approaches unity when the solution is infinitely dilute (i.e., 
C 0). When Eq. (47) is applied to the chemical equilibrium process (Eq. 41), 


M'a 4* • * * + ln(aA * * * *) — Me “h * * ’ “h lit(^c * * * *) 
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where A, B,... and C, D,... are the chemical species in the initial state and the final state, 
respectively. The equation shown above can be rewritten in a simple form as follows: 


AG"" = -RT In 


nCap) 

n(ai) 


(49) 


where 


AG® = ^ ^ /X® = (fiQ + Md H-) - (ma + Mb -) 

n(ai) = • • • 

nCap) = ^^c ' ’ 

Since the equilibrium constant K is represented by 

— ^c * • _ n(aF) 

aA * ^seb • * * n(ai) 


we have 


AG"" = - RT In K 


(50) 


10.2,2. Energy Balance in Electrochemical Processes 

10.2.2.1. Thermodynamic Decomposition Voltage and Thermoneutral Voltage. Electri¬ 
city is, of course, the primary source of energy supplied to an electrochemical reactor. 
It drives the reaction and heats the contents of the electrolyzer. In practice, the cell 
requires more electric current than that calculated by Faraday’s law because some of the 
electricity is consumed by side reactions, resulting in current inefficiency. Also, the ter¬ 
minal voltage of a cell is higher than the thermodynamic voltage because of overvoltages 
at the electrodes and ohmic voltage drops in the electrolytes and the cell hardware. 

The energy requirement for an electrolytic cell will be directly proportional to the 
cell voltage and inversely proportional to the cell efficiency. The factors governing the 
current efficiency and cell voltage are discussed in detail in Section 4.4. 

The thermodynamic decomposition voltage is the minimum voltage required 
for a given electrochemical process to proceed in a given direction. It is based on the 
standard free energy change of the overall reaction as: 


E 


o _ 

th “ 


AG® 

nF 


Thus, for the reaction 


2NaCl -h 2 H 2 O 2NaOH + H 2 + CI 2 


(51) 


(52) 


the AG® values, calculated from the free energy data [2], are noted in Table 10.2.1 
along with the values at various temperatures. Reaction (52) is endothermic and the 
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TABLE 10.2. L Free Energy and Enthalpy Change at Various Temperatures 


Reaction 

Temperature 

(°C) 

-AG° -AH° 

(kcalmol“*) 

^th 

(V) 

^tn 

2NaCl + 2 H 2 O ^ 2NaOH + Ha + CI 2 

80 

100.05 

105.09 

2.169 

2.278 


90 

99.91 

104.81 

2.166 

2.272 


100 

99.77 

104.53 

2.163 

2.266 

2KC1 + 2 H 2 O 2KOH + H 2 + CI 2 

80 

100.05 

105.09 

2.169 

2.278 


90 

99.91 

104.81 

2.166 

2.272 


100 

99.77 

104.67 

2.163 

2.269 

O. 5 O 2 + 2NaCl + H 2 O 2NaOH + CI 2 

80 

45.47 

37.19 

0.986 

0.806 


90 

45.71 

36,99 

0.991 

0.802 


100 

45.96 

36.78 

0.996 

0.797 

HCl O. 5 H 2 + O. 5 CI 2 

25 

40.02 

31.35 

1.36 

1.74 


overall heat of the reaction involved in this process is shown in Table 10,2.1. The voltage 
corresponding to the heat of the reaction 


E 


o _ 

tn 




(53) 


is called the thermoneutral voltage, representing the voltage at which heat is neither 
lost to the surroundings nor required by the electrolytic cell. 

Commercial chlor-alkali cells operate above the thermodynamic decomposition 
voltage in order to allow reaction (52) to proceed in the forward direction and generate 
the desired products. The excess voltage, constituting the overvoltages and the ohmic 
drops, leads to the generation of heat. 

Let us now show the importance of thermoneutral voltage by comparing the and 

for the electrolysis of HCl solutions. As shown in Table 10.2.1, Ej® is always greater 
than because the E^term contains the heat associated with the entropy change for the 

reaction 2HC1 —v H 2 + CI 2 . If a cell operates at a voltage between Eg^ and EJ^, the cell 
will be cooled as it dissipates the heat corresponding to the entropy change, irreversibly. 
On the other hand, at voltages higher than E^, the cell is heated by the excess energy 
required to overcome the overvoltages and the ohmic drops and hence, must be cooled 
to hold at a given temperature. The amount of heat generated or absorbed by the system 
can be calculated as follows. The amount of heat released grev is given as: 


= -rA5 = AG- AH (54) 

= nFE^-AH (55) 

The cell voltage can be written in terms of its constituents as: 

E = E^ + E/E + E7? (56) 


where r] is the overvoltage and IR is the ohmic drop. 
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The irreversible heat generated is given by: 


Qir, = {E-El)nF (57) 

Since the heat generated Q is equal to Qin- “ Qrev^ Q can be expressed as (from 
Eqs. (57) and (55)): 


Q^nFE - AH (58) 

When Q is positive, heat is released by the system, and when Q is negative, heat is 
absorbed by the system. 

For chlor-alkali cells, following reaction (52), at 90°C is 2.166 V and 
is 2.272 V. In practice, the cells operate at 3.3-3.5 V. Therefore, the amount of heat 
generated is: 


Q = 



(46.099E) 


- AH 


(59) 


Thus, for a cell operating at a current efficiency of 96% and a cell voltage of 3.3 V, 
the amount of heat generated is equal to: 


Q = —(46.099(3.3)) - 104.81 = 158.46 - 104.81 

= 53.655 kcalmor^Cb or 0.7566kcalg“^Cl 2 
= 3165kJkg“‘Cl2 


This heat is generally removed by water evaporation and radiation losses. 


70.2.2.2. Voltage and Energy Balances. The energy requirements of chlor-alkali cells 
are presented in Figs 10.2.5 to 10.2.7. The area of the outer rectangle [3] represents the 



Cell Voltage (V) 


FIGURE 10.2.5. Energy distribution in an amalgam chlor-alkali cell (DeNora 24M-2) operating at 10 kA m ^. 
(Energy consumption: 3,081 kWhrton"^ of CI 2 ; Cell voltage: 4.0 V; Current efficiency: 98%.) 
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o 
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o 
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CO 
>% 

CO 

"D 
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CO 


Cl (4%) 


T 


— Vtn — 
(68.36%) 


— Eth — 
(67.77%) 


ITI 

(9.33%) 


J/ 


IRs 

( 3 . 61 %) 


IRd 

( 11 . 46 %) 


1.0 2.0 

Cell Voltage (V) 


3.0 


“ IRhw 

( 7 . 83 %) 


FIGURE 10.2.6. Energy distribution in a diaphragm chlor-alkali cell (ELTECH H-4/75) operating at 
2.3 kA m“^. (Energy consumption: 2,610 kW hr ton" ^ of CI 2 ; Cell voltage: 3.32 V; Current efficiency: 96%.) 



Cell Voltage (V) 


FIGURE 10.2.7. Energy distribution in a membrane chlor-alkali cell (MGC-26) operating at 5kAm 
(Energy consumption: 2,607 kW hr ton" ^ of CI 2 ; Cell voltage: 3.35 V; Current efficiency: 97%.) 


total energy requirement for the production of chlorine. The current inefficiencies, Cl, 
are noted at the top of the figure and the voltage distribution is presented in terms of its 
components, along with the thermoneutral voltage, applicable to the given conditions. 
The AH and AG values for reaction (52) are noted in Table 10.2.1. The relevant data 
for mercury cells are calculated using the Gibbs-Helmholtz Eq. (38) with the and 
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dE/dt values calculated from the data in ref. [4] and the AG values from ref. [2]. 
Figure 10.2.5, depicting the overall energy profile of an amalgam-type chlorine cell, 
shows that part of the heat generated by the irreversible losses is effectively used to keep 
the cell temperature at a set value. Of course, there is still additional heat that should be 
removed, as is evident from Figure 10.2.5. Part of this heat is taken out of the amalgam 
flowing out of the electrolytic cell and hence, it is indeed possible to operate the mercury 
cells at the thermoneutral voltage by operating the cell at the proper temperature and 
current density. 

The energy diagrams in Figs 10.2.6 and 10.2.7 show that in the case of the membrane 
and diaphragm cells, the and the are close to each other. As a result, it is almost 
impossible to operate them at the E^, even with significant advances in the membrane 
technology and hardware developments. 

It is interesting to note that the air depolarized cathode-based membrane cells show 
a of 0.991 V at 90°C vs E^ of 0.802 V. 

The thermoneutral voltage defined by Eq. (53) does not take into account the energy 
required to raise the temperature of the feed stream from a reference temperature of 25° C 
to the operating temperature of the electrolyte and to saturate the product gases with water 
vapor. LeRoy etal. [5,6] proposed a modified thermoneutral voltage Vmtn by considering 
these two heat requirements, and defined a practical thermoneutral voltage, called the 
thermobalance voltage, Vtb» for water electrolysis cells. The thermobalance voltage is 
defined as: 


Ftb = Vmtn + Frad + Vconv 


(60) 


where Frad and Vconv refer to the voltage corresponding to the energy losses by radiation 
and convection, respectively. 

Frad and Vconv Can be estimated as: 


Vrad = Affa (T^ - T^)l0-^/I (61) 

Vconv -i.77A(r-ra)‘-25io-V/ (62) 


where A is the radiating area (in m^), s is the emissivity, cr is the Stefan-Boltzmann 
constant (5.67 x 10~^ W m“^ K"^), Ta is the ambient temperature in K, T is the operating 
cell temperature in K, and I is the load in kA. 

Figure 10.2.8 depicts the results of the calculations described above for water elec¬ 
trolysis cells [5,6]. The broken line shows the cell voltage as a function of temperature, 
which crosses the curve for the thermal-balance voltage at about 90°C. At temperatures 
lower than 90°C, the cell voltage is higher than the thermobalance voltage or the voltage 
corresponding to the overall requirement of heat, and hence, the cell dissipates excess 
heat and it must be removed. On the other hand, at temperatures higher than 90°C, the 
heat generation is insufficient to compensate for the total heat required for the reaction 
so that the cell has to be heated. Hence, the cell can be operated at about 90°C without 
heating or cooling. 
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FIGURE 10.2.8. Isothermal and thermal-balance voltages of a water electrolyzer as a function of temperature 
at 1 atm total pressure [6]. (Reproduced by permission of The Electrochemical Society, Inc.) 


The power losses arising from radiation (Kadf) and convection (Vconvf) from 
Eqs. (61) and (62) are 7.9 and 5.3 mV, respectively, with A = 3m^; £r=:0,8; 
or = 5.67 X 10-* W m-2 deg'^; Ta = 313 K and T = 368 K at a load of 150 kA. The ther- 
moneutral voltage of a diaphragm cell or a membrane cell would be higher by the sum 
of these values (i.e., 13.2 mV) than those values shown in Figs 10.2.5 and 10.2.7. Still it 
is difficult to realize operation of the chlor-alkali ceils at the thermobalance voltage, as 
the ohmic and overpotential losses are too large with the present technologies. 


10,2.2.3, Energy Flow Diagrams. The chlor-alkali industry, like any electrochemical 
operation, is energy intensive. Therefore, it is instructive to determine how the energy 
is distributed over the entire process. This will indicate the most profitable areas for 
improvement. 

Development of an energy flow diagram requires a detailed knowledge of the process 
flow sheet with a complete material balance. From the enthalpy of formation of the 
input and output components, one can estimate the enthalpy change involved in a given 
operation, from which the energy consumed or liberated can be calculated. Such a 
methodology was followed [7,8] to describe the energy distribution in the mercury- and 
diaphragm-based chlor-alkali processes. 

While the descriptions provided in these efforts are informative, they do not reflect 
reality in totality as the process flow sheets on which these estimates are based, start 
with highly optimistic descriptions of various operations. The energy flow diagram for 
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99.4 



Dissipated 

Heat 


Chemical 

Energy 


FIGURE 10.2.9. Energy flow diagram for mercury cell chlor-alkali process. (The numbers are kWhrton ^ 
of chlorine.) 



25°C 


FIGURE 10.2.10. Process flowsheet for chlor-alkali mercury cell. (The numbers inside the process equipment 
refer to the enthalpy change in kW hr ton“^ of chlorine.) 
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a mercury-cell process is presented in Fig. 10.2.9, which is based on the flow sheet in 
Fig. 10.2.10 and the data in Table 10.2.2. 

A general process description for mercury-cell operations is in Chapter 5 and hence, 
is not elaborated here. It should be noted that these energy flow diagrams do not take 
into consideration all the process details and can only provide a general description of 
the energy flows. 
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10.3. CURRENT DISTRIBUTION 

One of the most important considerations in the design of electrochemical reactors is 
the distribution of current and potential in the cells. In chlor-alkali cells, nonuniform 
distributions can result in undesirable reactions occurring at the electrodes, corrosion of 
cell components during operation, and drying of membranes with localized blister form¬ 
ation. In electroplating operations, nonuniform current distribution leads to nonuniform 
plating, dendritic growth of metal, impurity deposition on the cathodes, etc. All these 
effects finally result in poor product quality and increased energy consumption. 

The mathematical basis for calculating the potential and current distribution was 
established by the pioneering contributions of Kasper, Wagner, and others [1-6]. Here, 
we briefly address these principles and some applications related to chlor-alkali opera¬ 
tions. The current distribution in electrochemical systems is governed by cell geometry, 
electrode kinetics, and mass transfer considerations. These individual contributions to 
current distribution are called primary, secondary and tertiary current distributions. 


10.3.1. Primary Current Distribution 

Primary current distribution depends only on cell geometry if the potential is uniform over 
the electrode, when the activation overpotential is assumed to be zero and mass-transfer 
effects are considered to be absent. This can be determined generally by solving the 
Laplace equation (1) in the bulk using either Neumann or Dirichlet boundary conditions. 
The Dirichlet boundary condition specifies the potential on the electrode, whereas the 
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Neumann boundary condition specifies flux on the surface. The solution to the Laplace 
equation gives the potential distribution, and differentiation of the potential distribution 
with respect to the chosen direction (usually orthogonal to the electrode surface) provides 
the primary current distribution. 

Let us now consider two parallel plates maintained at potentials V\ and V 2 , 
respectively (Fig. 10.3.1 A). The Laplace equation may be written as: 


(fV 


<fv 


“"8"““'=-SI-+ 


Assuming no end effects, the boundary conditions are: 


V = Vi at x=0 

V =zV 2 at jc = ^ 


( 1 ) 


Solution of Eq. (1) leads to 


V = 


Vq-V i 
d 


x +Vi 


Since 


dV 

-k grad V — k — 
dx 


d 


( 2 ) 


where k is the conductivity of the medium and i is the current density. When the electrode 
configuration is changed to that in Fig. 10.3. IB, as in a test cell for electroplating, named 
the Hull cell, it can be shown that, at a given position on the inclined cathode, the current 
density is proportional to the inverse of the distance between the electrodes. It should 
be noted that that current tends to concentrate at sharp comers. If the electrode has a 
saw-tooth configuration, the current density will be high at the peak and low in the valley. 


(A) + 

Vi 


d 



yi 


X 


(B) + 
ViL 



FIGURE 10.3.1. Schematic of a cell with parallel plates (A) and with an inclined cathode (B). 
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The examples provided above are for simple geometries. The potential distribution 
becomes complicated as the electrode geometry becomes more complex. Also, it is 
difficult to solve the Laplace equation and realize an analytical solution. This forces one 
to solve the problem numerically. 

Let us now examine the two-dimensional field shown in Fig. 10.3.2. The Laplace 
equation and the boundary conditions are as follows: 


dx^ dy^ 

y = 0 atx = 0 
y = Vb at jc = a 

— = 0 at y == 0 
dy 


(3) 


and 


— =0 at y = b 
dy 

where a and b refer to the electrode distance and width of the cell, respectively. The 
solution of the Laplace equation, represented by a Fourier series [7], is simple when the 
field is unrestricted in all directions. However, in the typical case of parallel-place elec¬ 
trodes in a rectangular cell, the presence of insulating walls surrounding the electrodes 
makes the mathematical treatment more difficult. 

A two-dimensional field for electrodes of relatively simple geometry can be cal¬ 
culated by using a conformal transformation based on the theory of complex functions. 
Let us consider two complex variables, z and w, with the latter a function of z, that is, 


z = x -hjy (4) 

w — u Jv (5) 


Ay 


y=b 


Insulating Wail 

Electrode 


V=0 V=Vo 


O 


- 1 —► 

x=a X 


FIGURE 10.3.2. A rectangular cell with parallel fiat-plate electrodes. 
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where j is the imaginary operator. Substituting these equations into the Laplace equation, 
we have: 


du dv du dv 

dx dy ’ dy 9x 

d^u d^u d^v d^v 
dx^ dy^ dx'^ dy^ 

Figure 10.3.3 shows the complex coordinates of the z- and w;-planes, and the curve 
on the u;-plane corresponds to the curve on the z-plane because w; is a function of z as 
shown by Eq. (5). The line or figure on the z-plane is thus transformed on the w-plane 
conformally. The groups of lines at constant u and v may cross each other orthogonally, 
and the curves transformed on the z-plane are also orthogonal. In other words, the groups 
of lines on the z-plane correspond to the given values of u and u, illustrating the stream 
lines and the equipotential lines. 

Let us now take Eq. (8) as an example for the conformal transformation: 

u; = log z (8) 

or 

u + jv-0.5 log(x^ + y^) + j tan~' (y/x) (9) 


Therefore, 


(x^ + y2) = exp(2M) (10) 

y/x — tan V (11) 

Equation (10) appears as concentric circles on the x-y plane with a parameter w, 
while Eq. (11) represents straight lines radiating from the origin with a slope of tan v 
(Fig. 10.3.4). A straight line on the u;-plane, m = mi for example, corresponds to a 
circle on the z-plane, and u = ui is related to a radial line on the z-plane. Therefore, if 
two electrodes are positioned at a pair of circles, the concentric circles between the two 
electrodes denote equipotential lines at equal intervals, and the radial lines are the flow 
lines of electric current. As shown in the figure, the smaller the diameter, the smaller the 
gap between neighboring circles, indicating that the potential gradient becomes large as 
the diameter decreases. 


Jy 


z = x + jy 



jv 


w = u + jv 



z-plane 


w-plane 


FIGURE 10.3.3. Conformal transformation between the z-plane and the lu-plane. 
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FIGURE 10.3.4. Conformal transformation with w = logz. 



FIGURE 10.3.5. Schwarz-Christoffel transformation. 


The conformal transformation is an approach to calculate complex potential fields 
by means of transmapping two holomorphic functions such as z and w, as described 
earlier. The potential field on the z-plane can be obtained if a function w = f(z) is 
known. When the potential field is not described by a known function, it can be analyzed 
by the Schwarz-Christoffel transformation, which is outlined here. 

The upper domain of the §-plane, an intermediate function or plane, in the inside 
of the convex polygon on the z-plane, shown in Fig. 10.3.5, is mapped by: 


z = Ci 


/n 


(§-?l)-^'dt+C2 


i=l 


( 12 ) 

(13) 


where Ci and C 2 are constants, and kf is the external angle at point A/ of the polygon. 
The relationship between z and w is: 


z - ja = -{^ -log^) (14) 

n 

V 

w - jV = -logf 


(15) 
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FIGURE 10.3.6. Distributions of potential and current near the semi-infinite electrode. 


(a) 

& 


€) 


(b) (±> 


©- 1 - 1 - 1 

FIGURE 10.3.7. General configurations of electrolytic cells. 


Figure 10.3.6 illustrates the equipotential lines and the current lines near a semi-infinite 
electrode. The current density is uniform on the infinite electrode (at the bottom) in 
the region facing the top electrode and decreases in the region where there is no electrode 
at the top. The potential lines concentrate at the edge of the upper electrode, indicating 
steep gradients and thus, large local current densities rising theoretically to infinity at 
the edge. 

Figure 10.3.7 depicts two typical configurations of electrolytic cells: one is a rect¬ 
angular cell having a pair of flat-parallel electrodes (A), and the other is a cell with 
multiples of electrodes (B). Hine [1] gives some examples describing the electric fields 
in the configurations shown in Fig. 10.3.7. 


10.3, 2. Secondary Current Distribution 

The primary current distribution of Section 10.3.1 is influenced only by the cell geometry 
if the potential is uniform over the electrode surface. Secondary current distribution 
also takes into account electrode kinetics, which enters into the Laplace equation as 
a boundary condition at the electrode surface. Mass-transfer effects, however, are not 
considered at this level of the current distribution description. 
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FIGURE 10.3.8. A resistant electrode in parallel with a perfectly conductive electrode. 

Let us now examine the effect of overvoltage on the current distribution on a res¬ 
istive, flat-plate electrode parallel to a flat counter electrode (Fig. 10.3.8). The counter 
electrode is assumed here to be nonpolarizable. 

The overvoltage, ??, as a function of the current density, /, is represented by the 
Tafel equation: 


RT / i\ 

where io is the exchange current density, and p is the transfer coefficient. Equation (16) 
can be assumed to be linear in a limited range of current density as: 

r] = r]o-hki (17) 

where rjo is the value of at / =0 and k is the slope of the line with units of ^2cm^. 
The differential equation describing the current flow at the working electrode can be 
written as: 


dim _ V -T} 
dx Rs 


(18) 


where R^ — pL, p is the resistivity of the solution, L is the interelectrode gap, and im is 
the current passing through unit length of electrode. 

From Eqs. (17) and (18), it follows that: 


dim _ V -m 
dx ~ Rdl + (k/Rs)] 


( 19 ) 
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Since 


dV _ 

j — 

djc 


where Rm = electric resistance of the electrode, we have, 


d^/m _ 

^ L^n +Ta?//?s)] 


Solving Eq. (21), 


' Rdl + (k/Rs)] pL[l + (k/pL)] 
i(0) 


( 20 ) 


( 21 ) 


( 22 ) 

(23) 

(24) 


for k > 0. 

It follows from Eq, (24) that i/i(0) will be 1 when A.i is small or when the polar¬ 
ization resistance is large. The term kfpL^ termed the Wagner number [1], is important 
in determining the effect of polarization on the current distribution. Note that when the 
electrode kinetics are slow, uniform current distribution prevails regardless of the shape 
of the electrode. 

Wagner [3] examined the effect of overvoltage on the current distribution as a 
finite plate electrode, assuming a linear relationship between the overvoltage and the 
current density as: 


k /dV\ 

Vc = £ + fj (25) 

where Vc is the cell voltage, E is the thermodynamic decomposition voltage, and n is 
the direction of the current. 

The general solution to the Laplace equation was found to be an expression with a 
Fredholm integral of the second kind, presented graphically in Fig. 10.3.9. These results 
show that the current distribution becomes more uniform as kf pa increases. 

The Wagner number Wa can also be expressed in terms of the Tafel slope and the 
exchange current density as follows. The rate equation, when the backward rate is 
neglected, can be written as: 


i = io exp(?7//) 


( 26 ) 
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Location, x/a 


FIGURE 10.3.9. Effect of polarization on the current distribution on the electrode [3]. A: = Slope of the 
current-voltage curve; p — resistivity of the solution; a = half width of the electrode. 


It follows from Eq. (26) that: 


dt *oexp(??//) i 


(27) 


Thus, 



(28) 


103.3. Tertiary Current Distribution 

Tertiary current distribution takes into account cell geometry, electrode kinetics, and 
mass-transfer effects. Solutions to the tertiary current distribution are very complex, 
requiring the use of high-speed computation. The list of equations for simultaneous 
solution illustrates the complexity: 

1. Momentum equation for the velocity vector components. 

2. Convective diffusion equation for the concentration profile. (This requires a 
knowledge of the current density profile, which is not known presently.) 

3. Voltage balance equation. 

4. Complete electrochemical rate equation, which is an exponential relationship. 

5. Laplace equation in the bulk, using the current distribution at the electrode 
surface. 

6. Expression for the concentration overvoltage, which is logarithmic. 

One has to assume a current distribution profile and solve all these equations iteratively 
until convergence is achieved. Fortunately, most industrial processes, specifically chlor- 
alkali, seek to mitigate the mass-transfer effects and therefore, in most cases, solution to 
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the secondary current distribution should suffice. A good electrochemical engineering 
design principle is to make the current distribution as uniform as possible. 


103.4, Numerical Methods 

Because of the complex geometries and the nonlinear boundary conditions involved 
in the current distribution problems, there are few einalytical solutions. The primary 
concurrent distribution profiles for various geometries have been calculated and tabulated 
in an excellent series of papers by Kojima [8,9] and Klingert et al, [10]. Prentice and 
Tobias [11] reviewed current distribution problems solved by numerical methods in the 
literature. The finite difference method and the finite element method are widely used 
for determining current distribution profiles. 

The interested reader will find details related to the computational aspects and to 
the various programs commercially available to solve these boundary value problems in 
refs [9,11,12]. 


10.3.5. Some Examples 

A brief outline of the principles involved in the determination of the current/potential 
distribution between electrodes in an electrolytic medium is presented above to provide 
an appreciation of the concepts and to direct the reader to the proper literature. Several 
case studies related to the chlor-alkali industry have been performed, but the information 
remains proprietary with the cell technology suppliers. Nevertheless, some examples 
are given here to show the value of understanding the current distribution phenomena in 
addressing practical problems. 


10.3.5.1. Vertical Electrolyzers. Diaphragm and membrane cells are generally vertical. 
In the case of a bipolar-type electrolyzer, electricity is supplied from both ends of the 
cell stack, and the current is perpendicular to the electrode surface. On the other hand, 
electricity is supplied to a tank-type vertical electrolyzer from the top or bottom of the 
electrode, and this results in ohmic voltage drops within the electrode [1,13,14], 

Let us examine a flat-plate electrode at zero potential, positioned in a cell in parallel 
with a perfectly conductive counter electrode, as shown in Fig. 10.3.lOA. The current 
is fed from the top end of the resistive electrode. In this case, the electrolytic current 
decreases gradually along the working surface from the top to the bottom because of 
the ohmic resistance within the electrode. The current density, /(x), at the distance x 
from the current feed, calculated by using the equivalent circuit shown in (B), is as 
follows [1,13]: 


i (;c) = io exp(—A jt) (29) 

Rs pL 


(30) 



CHEMICAL ENGINEERING PRINCIPLES 


1041 




FIGURE 10.3.10. A resistant electrode in parallel with a conductive electrode (A) and the corresponding 
equivalent circuit (B). 



FIGURE 10.3.11. Current distribution for a resistant electrode. Current is fed from the top [13]. 


where 

i (jc) = current density, A cm“^ 
io = current density at x = 0, A cm“^ 

Rm = electric resistance of electrode, ^ 

Rs = electric resistance of electrolyte, Q 
p = electric resistivity of electrolyte, Q, cm 
L = interelectrode gap, cm. 

Figure 10.3.11 illustrates the reduced current density, i (x)/ i (0), as a function of x and X. 

This shows the importance of choosing an electrode material with a high conductivity. 
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Current Density, Ix/ia 


FIGURE 10.3.12. Current distribution along a vertical electrode with gas evolution. 


The electrical conductivity of the gas-solution mixture is a function of the gas void 
fraction, e. The larger the void fraction, the larger is the resistivity, since 


-^ = (l-e)-3/2 (31) 

Po 


where p and po are the resistivities of the gas-solution mixture and the electrolytic 
solution free of gas bubbles, respectively [1]. 

Since the gas generated ascends along the electrode, the void fraction and the 
resistivity of the two-phase mixture increases with height. The effect on current density 
is shown in Fig. 10.3.12, where the ordinate is the reduced height, the abscissa is the 
reduced current density, h is the electrode height, and io is the average current density 
over the working surface of the electrode. 

At the top of the cell, the gas separates from the solution and the solution free 
of bubbles falls to the bottom of the cell. This creates an internal circulation, thereby 
reducing the gas void fraction, and hence, the voltage drops in the solution. In other 
words, the design of the solution downcomer in the cells is of great importance for 
vertical cells containing gas-evolving electrodes. 


10.3.5.2. Relative Disposition of Anodes and Cathodes in Diaphragm Cells. In 
diaphragm cells, it would be ideal if the anode and the cathode were of the same height. 
Failing this, it would be better if the anode were slightly taller than the cathode. Klingert 
et al. [10] have developed the primary current distribution for the geometry of L-shaped 
cathodes. Figure 10.3.13 shows a simplified model of the top of the cathode, a represents 
the brine level over the cathode, P to the distance between the anode and cathode, and 
B to the cathode edge. 
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FIGURE 10.3.13. Schematic of electrodes of different heights immersed in a solution. 
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FIGURE 10.3.14. Schwarz-Christoffel transformation in the z-, t-, and w-planes. 


We may examine the potential field near the cathode edge B by conformal transform¬ 
ation (Section 10.3.1). Figure 10.3.14 illustrates the three complex planes required for 
the calculations. The z-plane in Fig. 10.3.14 is turned around 90° and drawn symmetric 
to the y-axis for the purpose of these calculations. 

The upper half of the /-plane is transformed in the z-plane conformally by the 
Schwarz-Christoffel mapping as follows. 


dz _ 


(32) 


Substituting 


t = sn u 


(33) 
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into Eq. (32) with a — \ and b = If k and integrating it results in: 






cnu • dn M dw + C 2 


sri^ — 1 

= jC\ J dn^u -dw + C2 = —jCiE(u) + C2 


M = 0 at z = 0 and hence C 2 = 0 
z = -jCiE{u) 


Since z = a + and u = K 7 AT' at point B, we have: 


Cl 


K'~E'-jE 


(34) 


k refers to the modulus of the Jacobi elliptic function and k' is the complementary 
modulus. K and K' are the complete elliptic integrals of the first order, and E and E' 
are the complete elliptic integrals of the second order. 

Substituting C\ in Eq. (34) results in: 


The M-plane represents the potential plane and hence the current density on the cathode 
surface is represented by the equation: 


i du 

h 9z 


(36) 


The above relationships describe the current distribution profile on the top of the cathode 
finger as shown in Fig. 10,3.15. The ordinate of the figure is the local current density 
index on the upper surface of the cathode finger and the abscissa in the distance from 
the cathode edge. The current distribution varies with the ratio ot/p. When the liquid 
level Of in the catholyte goes down because of diaphragm pluggage, the top surface of the 
cathode is not cathodically protected and the rate of corrosion increases. Therefore, the 
protected area jcl on the cathode is longer when the liquid level is high. As the cathodic 
protection current density increases with temperature and concentration of caustic, it is 
desirable to maintain as high a level as is permitted by design and operational constraints. 

Let us assume that a safe cathodic protection current required to protect this area 
is 10 % of the total current density, and calculate the distances on the top of the finger 
from the sharp comer. These results are tabulated in Table 10.3.1. If ^6 = 1.5-1 ,8 cm, 
and the welds are located 0.6 cm from the sharp comer, a ratio a/P of 0.25 will protect 
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FIGURE 10.3.15. Current distribution on the upper surface of the cathode in a diaphragm cell. Reduced 
current density is defined as the ratio of the local current density, /, to the average current density, i^. 


TABLE 10.3.1. Critical 
Distances at which i/ ir =0.1 


a/j8 

Critical distance 

0.25 

0.33/3 

0.5 

OM^ 

1 

\A2fi 

2 



the weld. In other words, if the anode is 6.35 mm above the top of the cathode finger, 
the welds will be cathodically protected. 


10.3.5.3, Cathode Corrosion. One of the problems encountered with MDC-29 dia¬ 
phragm cells is the severe cathode corrosion at the cell liquor/hydrogen interface near 
the cathode screen, which prevents deposition of good diaphragms. The primary current 
distribution profiles were calculated [15] using the finite difference method and the results 
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Electrode 

Configuration 

Gap(X) 

(cm) 

Current Density (A/m 2 ) 

Location 

a 

Location 

b 

Location 

c 

i 

b ‘ 


3.49 

1.90 

1.59 

0.074 

0.109 

0.124 

0.189 

0.434 

0.543 

0.068 

0.096 

0.105 

a 

b 

I —*s 

c 

1.90 

1.59 

0.95 

0.290 

0.361 

0.724 

0.361 

0.434 

0.868 

0.197 

0.256 

0.357 

a 

b 

c 

2.70 

1.90 

1.59 

0.132 

0.181 

0.206 

0.240 

0.434 

0.434 

0,118 

0.144 

0.167 



FIGURE 10,3.16. Primary current distribution profiles for various cathode geometries. 


MDC 

Type 

Current 
Density 
(A m"2) 

Electrode 

Configuration 

Current Density (A/m^) | 

Location 

a 

Location 

b 

Location 

c 

29 

2.17 

i 

3.49 cm 


0.074 

0.189 

0.068 

55 

2.17 


2.45 cm 


0.104 

0.290 

0.093 

55 

2.25 


2.45 cm 


0.107 

0.299 

0.096 

21 

1.55 

< 

a b < 


0.155 

0.239 

0.095 


2.22 cm 



FIGURE 10.3.17. Primary current distribution profiles for various MDC cathode geometries. (Cathodic 
protection current density = 0.099 A m“^.) 


are shown in Fig. 10.3.16. Assuming the cathodic protection current to be 0.93 kA m“^ 
and the average cathode current density to be 2.17kAm“^, it can be seen that Case A 
may develop localized corrosion on the cathode screen comers. The cell configurations 
B and C provide better current distribution without any corrosion problems. Also, it 
may be noted that extending the anodes would overcome the corrosion problem, as these 
corrosion-prone areas will now start receiving more current and become cathodically 
protected. Figure 10.3.17 illustrates the current distribution in the comers for various 
MDC cells of ELTECH [15]. 


10.3.5.4. Membrane Cells. The ion-exchange membranes are supported in the cell by 
the anode mesh. They are normally laminated by a thin layer of carboxylate polymer 
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FIGURE 10.3.18. Current distribution in a zero-gap type membrane cell. 


on the cathode side to prevent the transport of hydroxyl ions from the cathode com¬ 
partment. The voltage drop across the membrane is small, as the highly resistive 
carboxylic layer is thin. In the finite-gap cells that characterized early stages of devel¬ 
opment, the cathode mesh was located far from the membrane. In the newer designs, 
referred to as zero-gap, the distance between the cathode and the membrane is almost 
zero. The electrolytic gas bubbles are liberated from the respective electrodes and dis¬ 
persed in the bulk of the solution. However, gas bubbles often touch the perfluorinated 
membranes and tend to remain in the narrow gap between the membrane and the elec¬ 
trode. This causes a significant increase in the cell voltage. The membrane surface 
is therefore modified with a hydrophilic layer to prevent the attachment of the gas 
bubbles [16]. 

Figure 10.3.18 illustrates the structure of the electrode/membrane system 
where the membrane (e.g., Nafion® 900 Series) is reinforced by a nonconductive 
polytetrafluoroethylene (PTFE) fabric. Note that the current flux deforms around the 
PTFE reinforcement, leading to an increase in the voltage drop through the membrcuie. 
Therefore, the arrangement of the PTFE reinforcement must be optimized for mechanical 
strength and voltage drop. 
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10.4. FLUID PROCESSING 

10.4.1. Fluid Dynamics 

10.4.1.1. Bernoulli's Theorem. Consider a tube in a steady-state situation as shown in 
Fig. 10.4.1. The masses of fluid entering the tube from the left-hand side and leaving 
from the right-hand side in time df are pi^iMidr and P2A2U2dt, respectively, where p 
is the density of fluid, A is the cross-sectional area of the tube, and u is the flow velocity. 
Since the quantities of fluid passing through the sections A\ and A 2 are equal to each 
other, 


p\A\u\ - P 2 A 2 U 2 


( 1 ) 



FIGURE 10.4.1. Schematic of liquid flow through a pipe. 
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In the case of an incompressible fluid, the density is constant in the flow tube, and 

A\u\—A2U2 ( 2 ) 


Equations (1) and (2) are known as the equations of continuity. 

Now, we may consider gravity flow of an incompressible fluid. The kinetic energy 
accompanying the flow for time d? is ^{pA\u\dt)u\. The potential energy and the pres¬ 
sure energy are {pA\u\dt)gh\ and p\Aiu\dt, respectively, where g is the acceleration 
due to gravity, h is the elevation, and p is the pressure. Since the total energy in the flow 
tube must be constant, 

1 2 

-(pAiwi dt)u\ + {pA\U\ dt)gh\ -h p\A\u\ d^ 

1 ^ 

— -{pA 2 U 2 dt)u 2 + ipA 2 U 2 dt)gh 2 H- P 2 A 2 U 2 d^ (3) 


Substituting Eq. (2) into Eq. (3) leads to: 


1 2 1 2 

-puj + pghx + P\ = -pU 2 + pgh2 + P2 


(4) 


or 


1 


~u^/g + pfpg h = constant 


(5) 


When the pressure, p, is expressed in engineering units, the standard acceleration due 
to gravity, gc, should be included in Eq. (5). 



/ 8 + pgcipg -\-h — constant 


( 6 ) 


Since the three terms in the left-hand side of Eqs. (5) and (6) have the dimensions of 
height, they are respectively called the velocity head, the pressure head, and the potential 
head. In other words, the first term and the second term correspond to the heights of fluid 
required to maintain the flow velocity u at the static pressure, p. 


10A,1.2. Flow Pattern. Any fluid in contact with a wall is stagnant because of frictional 
forces. These are proportional to the fluid’s viscosity. Although the velocity increases 
gradually with the distance from the wall, an internal friction still exists. When the fluid 
is allowed to flow along the x-axis, a velocity gradient is generated in the direction of 
the y-axis. The force caused by friction, /, is expressed as: 

/ - nA{du/dy) (7) 

where p. is the viscosity. We may now consider flow of an incompressible fluid in a 
straight pipe of diameter 2ro at a relatively low velocity, w, with a small concentric 
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P1 



FIGURE 10.4.2. Laminar flow in a pipe (Poiseulle flow). 


element of diameter 2r and length L as shown in Fig. 10.4.2, The friction terms on the 
inside surface and the outside surface of this element are: 

/ = 2 jrrL/>t(dw/dr) 

/ +d/ = 27rrL)Lt(dw/dr) + d(27rrL/idM/dr) 

The force on a small ring, dr, caused by the pressure drop {p\ — p 2 ) is Ijtr dr(pi — p 2 ), 
and is equal to d/, that is, 

d(27rrL^tdM/dr) = 2nr{p\ — P 2 )dr 


or 


L/xd(rdw/dr) = {p\ — p 2 )rdr 
Integrating this twice, we have 

u = —{p\ — pi)r^ I^Lpi + constant 
Since the flow velocity at the wall is zero, 

u = {p\- Pi) (r^ - /4Lp (8) 

Hence, the maximum flow velocity at the center of pipe is given by Eq. (9), 

Mmax = (Pl - P2)r^/4Lp, (9) 

The volume of flow, in unit time, can now be obtained by integration as: 

= ( 10 ) 

0 

Also the average flow velocity Mavg, can be obtained by dividing Eq. (10) by the sectional 
area, Trr^, as: 


Mavg = ipi - P2)D^/32Lp. = Mmax/2 


(11) 
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where D is the diameter of pipe. Equation (11) shows that the pressure drop in a laminar 
flow regime is proportional to the flow velocity, Wavg or Wmax- 

As described above, the viscosity of a fluid at relatively low velocities generates 
laminar flow. When the velocity exceeds a critical level, the inertial force becomes sig¬ 
nificant compared to the viscosity. This is called turbulent flow. A thorough analysis of 
turbulent flow is very difficult. However, it is recognized that the shearing stress is pro¬ 
portional to the square of the velocity gradient perpendicular to the solid/fluid interface 
as: 


/ = pLlidu/dy)^ 


( 12 ) 


where Lm is the length of mixing, which is analogous to the mean free path in the kinetic 
theory of gases. 

The pressure drop is also proportional to the average flow velocity, as described by 
Eq. (13), which is known as the Fanning equation or the Darcy formula. 


Pi-P2^ 4Ff(L/D) (ul^/2j (13) 



Reynolds Number, Re 

FIGURE 10.4.3. Fanning friction factor as a function of the Reynolds number [2]. e refers to the surface 
roughness and D to the pipe diameter. (Reproduced with permission of The McGraw-Hill Companies.) 
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Ff in Eq. (13) is termed Fanning’s friction factor. We may now extend Eq. (13) to the 
region of laminar flow by substituting Eq. (13) into Eq. (11). This results in: 

Ff = 16/Re (14) 

Re — Du 2 i^^plii (15) 

Figure 10.4.3 shows the friction factor [1] as a function of the Reynolds number Re. 
It is clear that Ff is inversely proportional to Re when Re is less than 2,300. Ff deviates 
increasingly from Eq. (14) at high Re values. Thus the critical value or the upper limit of 
Re for laminar flow is about 2,000-2,300. Turbulent flow is established at Re values of 
higher than 4,OCX). In the Re range of2,300-4,000, the flow is in the transition state. In the 
turbulent flow regime, the friction factor is greatly affected by the surface morphology 
of the solid in contact with fluid (i.e., the pipe). 

Several mathematical descriptions modeling flow in a pipe under turbulent flow 
conditions are available along with a number of empirical equations relating Ff 
and Re [2]. 


10.4.1.3. Pressure Drop Calculations. In process industries, fluids are usually transpor¬ 
ted from one point to another by pressure differential through circular piping. The circular 
shape offers strength and maximum cross-sectional area per unit of wall surface. 

Pressure drop calculations are essential in designing and optimizing pipelines and 
sizing the pumps and compressors that transport the fluids. Equations commonly used 
for calculating the pressure drops are discussed in this section. 


10.4.1.3A. Noncompressible Fluid Row. The Darcy formula, Eq. (13), is applicable 
for noncompressible liquid flow. It applies in all situations with the possible exception 
of a liquid pressure drop so high that the outlet pressure drops to the vapor pressure of 
the liquid. This condition has to be avoided by changing the pipe size, decreasing the 
flow rate, or forcing a back pressure. Re in Eq. (13) is calculated from Eq. (15), the flow 
velocity from the area of the pipe. A, and the volumetric flow rate, as: 

MAvg = Q/A (16) 

The density and the viscosity data are obtained from the physical property data (see 
Appendix), The value of the Reynolds number will indicate whether the flow pattern is 
laminar, or turbulent. If the flow is laminar Eq. (14) applies. In turbulent flow, the friction 
factor [1] can be estimated from Fig. 10.4.3. 

The frictional loss, in feet of fluid, can be calculated [3] by 

f/L = f(LID)iu^t2gc) (17) 


10.4.1.3B. Compressible Ruid Row. Ruid flow is considered noncompressible if the 
pressure and temperature changes are small enough to cause insignificant changes in the 
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density. If the density changes more than 5 or 10%, flow is considered compressible. 
The pressure drop under these conditions [2] is given by 

p\-pI = G'^{RT/M^)[{AfL/Dn) + 2\n{px/p2)] (18) 

where G is a mass flow rate per unit area, R is the ideal gas constant, Mw is the molecular 
weight of the fluid, L is the equivalent pipe length, Dh is the hydraulic diameter, and p\ 
and p 2 are the pressures at the beginning and end of the pipe, respectively. 

The friction-loss calculations apply to straight, uniform pipes. Valves and fittings in 
a pipeline disrupt flow patterns, increase turbulence, and cause additional pressure losses. 
Ruid-flow calculations must account for these losses. One method frequently used is to 
assign each valve and fitting an equivalent length of straight pipe [4]. Many textbooks 
and handbooks present data in the form of equivalent pipe diameters. A standard elbow, 
for example, may be shown as equivalent to 30 pipe diameters. In a 100-mm pipe, it 
is equivalent to 3 m of straight run. Addition of the equivalent lengths of all valves and 
fittings to the final straight run gives the equivalent length of a pipe system. The term 
L in Eq. (17) or (18) refers to this equivalent length. This is a simple method and is 
easy to apply even in hand calculations. However, it is not theoretically sound. Fittings 
of different sizes are not geometrically similar, and the L/D values assigned to them 
should really be functions of Z>. Therefore, an alternative method based on resistance 
coefficients is used [2]. 


10.4,1,4. Hydraulic Diameter. The flow in pipes having a circular cross section of 2ro 
in diameter was described in earlier sections. However, piping with different geometries 
is used in chemical process plants. In these instances, the Fanning Eq. (13) can be 
employed, when the term D is replaced by the equivalent or hydraulic diameter. 


Dh = 4A/Lw = 4 /?h (20) 

where Du is substituted for D. In Eq. (20), A refers to the sectional area of channel 
under consideration, is the length of solid /fluid interface or wetted perimeter, and 
Ru is the hydraulic radius. The values of hydraulic radius for various cases are discussed 
in the section on “Ruid Dynamics” in ref. [2]. 


10.4.1.5. Pressure Drops Caused by Geometry. Hydraulic energy is dissipated by non- 
uniformities such as elbows and bends in a pipeline. Sudden changes of the diameter 
of flowing ducts, either decreases or increases in the diameter, cause entrance and exit 
losses. Sudden changes in cross section also increases the pressure drop. Figure 10.4.4 
illustrates this effect for an expansion, where eddies form at the sharp edge behind the 
streamlines. Using a tapered section of pipe, or a diffuser in place of the sudden transition, 
can reduce the loss of energy. 


10.4.1.6. Boundary Layer. The viscosity of a liquid retards its flow in the immediate 
vicinity of a wall. This affected region is called the boundary layer. Row in this boundary 



1054 


CHAPTER 10 


layer is calculated from the Navier-Stokes equation and the continuity Eqs. (21) and (22), 
with the proper boundary conditions. 


dt 


3ux 

■i-Ux— -hMy 


dy 


dUy 


didy d Idy 


/ d^Ux d^Ux \ 
p dx \ 9x^ dy^ ) 

\ dp (d^Uy d^Uy\ 


( 21 ) 


and 


dux 

dx 


+ 


dUy 

dy 


= 0 


( 22 ) 


The thickness of the velocity boundary layer near a flat plate, 9f, is a function of the 
Reynolds number Re and the distance x from the leading edge of the plate [5]: 

Sf =4Mx/{Re)^^^ (23) 


On the other hand, 8f under turbulent flow in the pipeline [6] is: 


5f = 117r//?7/* 


(24) 


where r is the radius of pipe. 

The mass and heat transfer in the bulk of the flow is rapid, via molecular diffusion 
and not by convection in the boundary layer. This results in a delay in the heat and mass 
transfer. Therefore, the concept and knowledge of the boundary layer are important 
for designing heat exchangers and any discussions of chemical processes controlled by 
mass transfer. In the electrochemical field, there are many processes controlled by mass 
transfer, mostly the diffusion of a reacting species in the vicinity of the working electrode. 
An example is copper deposition on the cathode from a copper sulfate solution. 

The chlorine evolution reaction and the hydrogen evolution reaction at the anode 
and the cathode, respectively, in a chlor-alkali cell are controlled by the electrochemical 
and/or chemical steps rather than by mass transfer. However, the transport phenom¬ 
ena across the separator, either a porous diaphragm or an ion-exchange membrane, 
are governed by the solution flow near the surface. The disproportionation reaction of 
hypochlorites in a chlorate cell is diffusion-controlled process. Consequently, knowledge 



FIGURE 10.4.4. Eddy formation caused by sudden change in pipe diameter. 
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of the flow pattern and the boundary layer is essential for electrochemical scientists and 
engineers. 

10,4.1.7. Two-Phase Flow [7~9]. In chlor-alkali cells, the chlorine gas and the hydro¬ 
gen gas is generated at the anode and the cathode, respectively, and the gas-solution 
mixtures ascend along the respective electrodes. The solution may descend to the cell 
bottom after leaving the gas at the cell top, resulting in good circulation of electrolyte in 
the electrolyzer with no additional pumping, and hence efficient transfer of mass and heat 
in the electrochemical reactor. On the other hand, electrolytic gas increases the electric 
resistance of solution depending on the gas void fraction, because the gases are noncon- 
ductive. An understanding of the flow velocity is therefore essential, to decrease the gas 
void fraction and hence, the electrical resistance between the electrode gap. 

The problem of two-phase flow has been investigated extensively in the field of 
chemical engineering since the 1950s. Still, the factors involved in two-phase flow are 
not completely clarified, as it is related to many variables such as the physical properties 
of the liquid and gas, the volume fraction of gas or the gas void fraction, the flow velocity, 
and the geometry of the space where the two-phase flow occurs. 

The methods for predicting the flow pattern and the pressure drop for fully developed 
gas/liquid flow are complex and often the accuracy presented in these methods is not 
required for the pressure drop calculations involved in a chlor-alkali plant. The reader is 
referred to papers cited in [7-9] for a thorough discussion on two-phase flow. 

When a gas and a liquid flow together, different flow patterns are developed based 
on the concentration of each phase and the physical properties of the fluid. The following 
is a description of most common flow patterns encountered in a two-phase flow. 

There are seven basic flow patterns in horizontal flow. These are shown on the 
“map” in Fig. 10.4.5 and discussed below. 



G| X\\f 

FIGURE 10.4.5. Flow patterns in cocurrent liquid-gas flow through horizontal pipes, Gg=gas mass 
velocity (Ibs"^ ft~^); G\ = liquid mass velocity (lbs“^ /xj = liquid viscosity (centipoise); pg =gas 

density (lbft“^); pj= liquid density (lb(cuft)“^); <7 = liquid surface tension (dynes cm“^); A. = 
((Pg/0.075)(pi/62.3))^/^; f = (73/cr)(/xi(62.3/pi)^)^/^ (from Ref. 2). (Reproduced with permission of 
The McGraw-Hill Companies.) 
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Bubble Flow, The gas flows in the form of bubbles along the upper surface of the liquid 
and the gas bubbles move at about the same velocity as that of the liquid. This pattern 
is found when there is a high liquid to gas ratio. If the bubbles are dispersed then it is 
called froth flow. 


Plug Flow, As the gas flow rate increases, the bubbles coalesce and form a plug of gas. 
The plug of gas and liquid alternate along the upper pent of the pipe. 


Stratified Flow, The gas and liquid flow are segregated in this case, as a result the liquid 
flows on the bottom and the gas flows on the top of the tube with a distinct boundary. 


Wave Flow, This is similar to stratified fiow except that a wave is formed at the interface 
which continues to increase in amplitude as the gas flow is increased. 


Slug Flow, As the gas flow further increases, the waves developed in the “wave-flow”are 
picked up by the moving gas to form a frothy slug which travels at a velocity higher than 
that of the liquid flow. This can cause dangerous vibrations in the equipment. 


Annular Flow, In this pattern, the liquid flows on the wall like a film and gas flows in 
the center. A portion of the liquid is entrained in the gas as droplets. 


Mist or Spray Flow, As the gas rate increases, the annular flow pattern changes to a 
spray or mist flow. 

The flow profiles observed in vertical pipes are: 


Bubble Flow, The upward flow of liquid is a continuous phase and the gas is dispersed 
as fine bubbles. 

Slug Flow, As the gas flow increases, the gas flows as large slugs, and the slugs and 
the liquid flow alternately. The liquid slug contains some gas bubbles and the slug is 
surrounded by a laminar film. As the gas flow increases, the slug of gas length and its 
velocity increases. 


Froth Flow, As the gas flow further increases, the slug flow pattern changes to froth. 


Annular Flow, The liquid travels up the side of the wall and the gas flows in the middle 
of the pipe at high gas flow rates. Some liquid is entrained in the gas. 


Mist Flow, As the gas flow continues to increase, the liquid film from the wall breaks 
off and entrains in the gas, forming a mist pattern. 
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References [10-12] describe the methodology for calculating the pipe size in a 
two-phase flow system. 


10.4,2. Removal of Solids 

Removal of solids from gases is important in certain processes and in protecting the 
environment from releases in stack gases and the like. It is less important to our topic and 
so is not discussed in this chapter. Removal of solids from liquids is important in caustic 
product processing and particularly so in the brine treatment plant. The unit operations 
involved are gravity sedimentation, filtration, and centrifugation. Gravity sedimentation 
removes solids from chemically treated brine (Section 7.5.3), The solids form as the 
result of addition of chemicals that precipitate ionic impurities from the solution. Since 
this separation is incomplete, it is necessary to follow the sedimentation operation with 
brine filters (Section 7.5.4). On the caustic side, polishing filtration (Section 9.3.2.6) is 
important, especially in mercury-cell plants. In diaphragm-cell plants, it is necessary to 
remove salt that precipitates in the evaporators from the caustic product. Most of this 
salt is removed by centrifuges (in more than one step). Removal is incomplete, and the 
liquor from the centrifuges must be filtered. The sludge formed during sedimentation 
of treated brine normally leaves the bottom of the settling apparatus as a thin slurry. 
Various types of filter are used in many plants to increase the solids concentration before 
disposal. Finally, a special case of filtration is the removal of mists from chlorine gas. 
There are two applications to consider here (Section 9.1.1), chlorine from the cooling 
system, which may still contain very fine particles entrained from the cells, and chlorine 
from the drying towers, which contains a sulfuric acid mist. The apparatus used in these 
cases normally relies on Brownian motion of particles within the separating elements. 
This is quite different from the mechanism of conventional filtration. Section 9.1.5 covers 
the subject of mist elimination. 

The sedimentation operation relies on gravity to remove the denser solids from 
the lighter fluid phase. Settling is opposed by frictional forces between solids and 
liquids. The characteristics of the particles formed during precipitation, therefore, 
are critical in sedimentation, and this is the subject of Section 7.5.2.1. Analysis of 
sedimentation is straightforward when the solids can be represented by the equival¬ 
ent spheres, using the Sauter mean diameter, and when their concentration is not 
high (Section 7.5.3.1 A). The mechanism of separation becomes more complex when 
the concentration is high enough to allow interactions between particles. Empirical 
methods of calculation are then necessary. Some of the methods used are described 
in Section 7.5.3.IB. 

Filtration involves the flow of a fluid through a porous medium. Solid particles 
present in the fluid entering the filter deposit onto that medium. The typical filter in a 
brine or caustic plant relies either on a bed of solids or on a porous cloth or cartridge for 
the separation. The operation becomes semi-continuous, with the filter operating until 
the amount of solid deposited from the fluid has sufficient effect to make its removal 
necessary. These filtrations, therefore, require multiple units to allow the operation 
to continue during the regeneration of one filter and sequence controllers to take the 
operation through the various steps without constant attention from the operators. 

Analysis of the filtration operation is complicated by the fact that the resistance 
to flow changes continuously as more and more solid deposits on the filter medium. 
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Flow through packed beds of solids is usually analyzed by considering such character¬ 
istics as the porosity of the bed and the sphericity of the particles, and Section 7.5.4.1 
shows that the analysis of a filter is helped by considering how the deposit of precipitated 
solids changes those characteristics. In the other filters, the solids deposit as a cake on the 
filter medium. The resistances of the filter cake and medium are then additive. When the 
resistivity, or the resistance per unit thickness, of the cake remains constant throughout 
operation, the specific resistance increases linearly with the amount of solid deposited. 
Analytical solutions for the filtration rate are then possible. In the constant-rate case, the 
pressure drop encountered can be expressed as a function of time (Section 7.5.4.2). 

The resistivity of the cake, however, very often increases with time. Under the 
pressure of filtration or the friction of the fluid that continues to pass through the 
cake, the filtered particles continue to compact and reduce the eirea available for flow. 
Section 7.5.4.2 also describes the empirical methods that are used to characterize the 
compressibility of the cake. It is significant that the particles produced by precipitation 
from the brine are often highly compressible. At the same time, they have a tendency to 
become lodged in the pores of the filter medium. Filtration of these particles can become 
very difficult. The usual solution to this problem is the use of a filter aid. The filter aid 
is applied to the surface of the filter medium before introducing the brine. This is the 
“precoating” operation. Filter aids are selected for their desirable characteristics, and the 
precoat material protects the pores from penetration by filtered solids while at the same 
time offering little resistance to the flow. Compression of the precipitates still occurs, 
and so filter aid (“admix”) is also added in small quantities to the brine to improve the 
characteristics of the cake. 

Section 7.5.4.2 discusses filter aids, washing of filter cake to remove occluded 
liquors, removal and handling of filter cake, and the backwashing of packed bed filters 
to remove and recover deposited solids. 

Many centrifuges are effective filters in which the separating force is intensi¬ 
fied by the action of the machine. The major application in the chlor-alkali industry 
is in diaphragm-cell caustic evaporation. The salt precipitated in that operation com¬ 
prises about 3% of the evaporator product. Most of this is removed by centrifuges. 
Section 9.3.2.5 describes the process and the use of two different types of centrifuge. 


10,4,3. Compression and Liquefaction 

10.4,3.1. Compression. The general equations for an ideal gas under equilibrium con¬ 
ditions appear in Section 10.2. Some of these are important in the study of the 
compression of gases: 


(iQ = dU + AW 

(25) 

AW = -pAV 

(26) 

Cp = AH/AT 

(27) 

Cv = AU/AT 

(28) 

11 

1 

(29) 
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We also use the ratio 


k Cp/Cy 


(30) 


Combining Eqs. (25), (26), and (28), 

dQ^CydT + pdV (31) 


In an isothermal process, 


dg =dW = pdV 

(32) 

For an ideal gas pV = RT, Then 


dQ = RTdV/V 

(33) 

Integrating from the starting volume, Vi, 


W = Q = RT \n{V/Vi) 

(34) 

In the adiabatic case, Q = 0. Then, from Eq. (31), 


Cy j dT/T j dV/V 

(35) 

\n{T/Ti) = iR/Cy)\n{Vx/V) 

(36) 


By Eqs. (29) and (30), R/cy = A: - 1. Now, 

r/Ti = (V/Vi)i-* (37) 

This equation permits us to calculate the increase in gas temperature during adiabatic 
compression as a function of the compression and specific heat ratios. Again, using the 
ideal gas equation, we also have 


= P\Vy = constant (38) 

Since work is not a point function, the result depends on the path followed in the process, 
and Eq. (34) is not generally true. In the adiabatic case, the work that must be supplied 
over the same pressure range is 

W = px Vik/{k - - 1] (39) 

For non-ideal gases, this should be multiplied by the compressibility, Z. In the case of 
chlorine, the error caused by omitting Z is small (and conservative). Since chlorine has 
a critical pressure of 77.2 bars and is infrequently compressed in its production process 
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beyond 10 bars, typical reduced pressures in compression are 0.01-0.1. At the inlet 
conditions, the reduced pressure is quite low, and Z will be about 0.98 or 0.99. When 
the gas is compressed, Z will be between 0.95 (low temperatures) and 0.98 (typical 
compressor outlet temperatures). 

At typical inlet conditions, k is about 1.32-1.35. This is slightly lower than the 
specific heat ratio of air. Charts showing the energy required to compress air provide a 
modest safety factor if used to estimate the compression energy required by chlorine. 
The quantity (/: — l)/k, which appears often in compression calculations, will be about 
0.25. If we designate the compression ratio as r, Eq. (39) becomes 

IV - 1) (40) 

The real value of the specific heat ratio is also a function of operating conditions. Over 
the operating range of a chlorine compressor, the specific heat ratio decreases slightly 
from the feed to the discharge. 

More significant is the fact that a real compression process is not quite adiabatic. 
Instead of Eq. (38), it follows a polytropic path in which 

pV^ = constant (41) 

The exponent n is an empirical quantity. In all cases, the power consumption is greater 
than in the adiabatic case. The exponent n is always greater than k and the two are related 
by the poly tropic efficiency T}p: 

n = kr]p/[knp -ik- 1)] (42) 

With a polytropic efficiency of 75%, this reduces to 3k/(4 — k)^ which is very close to 
1.5. Practical values of n for both chlorine and hydrogen appear to be about 1.45. 


10.4.3.2. Liquefaction. The energy required for liquefaction is the sum of the sensible 
heat removed from the gas in cooling it to the liquefaction temperature and the latent 
heat of condensation: 


Q^qv -\-k 


(43) 


where 

Q = energy removed in liquefaction of a given quantity of gas, 
qy = sensible heat removed to reduce temperature to point of liquefaction, and 
A = latent heat removed at constant temperature to condense gas. 

If the liquid is subcooled, another sensible heat quantity, is involved. The 
sensible heat of the gas at constant pressure is: 


= Cp dt 


(44) 


where Cp = specific heat of gas at constant pressure. 
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Equation (44) and in (43) can be evaluated analytically if a mathematical 
expression is available for the specific heat. Many of these have been published, and two 
frequently used equations are 


a + bT -f cT^ (45) 

Cp = a + for+c/r2 (46) 

Equation (45), with different values for the constants, also sometimes uses Celsius 
temperatures. It may also be extended in some cases to include a cubic term. The last 
term in Eq. (46) demands the use of absolute temperature. 

The latent heat of condensation is equal to the latent heat of vaporization at the same 
conditions. Thermodynamic equations usually are derived in terms of the vaporization 
process, using the latent heat of vaporization, A. As a form of activation energy for the 
formation of vapor, the latent heat determines the slope of the vapor pressure curve. We 
have the Clausius-Clapeyron equation 

dP^/dT =X/T{V -v) (47) 


where 

= vapor pressure, 

V = molar volume of gas, 

V = molar volume of liquid. 

When u, we have, with ideal gas behavior, 

6.P°/P = {klR)AT/T^ (48) 


Integration yields 


\n{P 2 /Px) = -{X/R){\/Tx - 1/72) (49) 

The heat of vaporization of a substance can be obtained from its vapor pressure curve 
by using Eq. (49). 

In practice, the gas fed to liquefaction contains some noncondensable gas. Its 
sensible heat must be included in Eq, (43) and we have 

qv ^ ^ci + q\ (50) 


where 

= sensible heat removed from chlorine gas, 
q\ = sensible heat removed from noncondensable gases. 

An important factor in liquefaction system design is the effect of liquefaction 
temperature on the cost of removing energy. Section 9.1.7.2A points out that as the 
liquefaction temperature becomes lower (and the liquefaction process more effective), 
the cost begins to rise rapidly. The preceding Section 10.4.3.1 offers a reason for this. 
The actual cost is in the supply of energy to the refrigeration machinery. Consider the 
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cycle that the refrigerant follows. It must evaporate at some temperature below the lique¬ 
faction temperature itself. The vapor formed then must be compressed to a pressure at 
which it can be liquefied by plant cooling water. As the liquefaction temperature drops, 
the range of pressures and the compression ratio of the refrigerant compressor increase. 
Equation (39) shows how the power required responds to the increase in the compression 
ratio. 
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10.5. TRANSPORT OPERATIONS 

Many of the operations carried out in the process industries in general and in the chlor- 
alkali industry in particular involve the transfer of mass or energy between phases. This 
section considers a few that are particularly important in chlor-alkali production. 

Section 10.5.1 discusses heat transfer. Perhaps second only to fluid flow, this is the 
unit operation most often encountered in plant practice. Here we cover only some of 
the basic principles. In a chlor-alkali plant, the heat transfer process is important in the 
following steps: 

1. heating of brine before electrolysis; 

2. cooling of brine during transfer from the electrolysis area; 

3. cooling of chlorine; 

4. cooling of caustic to maintain temperature in the electrolyzers; 

5. heating of brine or caustic to allow concentration by evaporation; 

6. cooling of hydrogen to remove water and mercury vapor or heat of compression; 

7. cooling of turbine exhaust from cogeneration systems. 
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Section 10.5,2 covers gas absorption. Absorption has been used for the recovery 
of chlorine from the uncondensed gas leaving a liquefaction system (Section 9.1.9.1). 
More highly specialized applications are the removal of water from chlorine gas by 
sulfuric acid (Section 9.1.4) and the absorption of chlorine in caustic solutions, either 
as an emergency measure (Section 9.1.10.3) or in the production of bleach solutions 
(Section 9,1.9.3). Absorption is necessarily a gas/liquid transfer operation. Adsorption 
is a similar technique involving transfer from either a gas or a liquid phase onto a solid. 
Section 10.5.3 covers adsorption operations. In a chlor-alkali plant, these include the 
drying of air in the utility Section (Section 12.4.2), miscellaneous purification steps, and 
the removal of traces of dissolved chlorine from depleted brine (Section 7.5.9.3B). The 
mechanism of ion exchange between a liquid and a solid resin differs from that in adsorp¬ 
tion, but the mathematics of analysis and the physical arrangement of equipment are quite 
similar. The engineering aspects of ion exchange, therefore, are often treated along with 
a discussion of adsorption. Such is the case here. Important applications of ion exchange 
are the softening and demineralization of water (Section 12.4.3.1) and the softening of 
brine to the ppb levels of hardness required by membrane cells (Section 7.5.5.1). Distil¬ 
lation, covered in Section 10.5.4, is widely used throughout the process industries. It is 
less important in chlor-alkali production than it is in many industries. Examples of its use 
include chlorine vaporization (Section 9.1.8.7), in which the accumulation of nitrogen 
chloride in the liquid may create a problem, and the stripping of ammonia from aqueous 
solution during the purification of diaphragm-cell NaOH (Section 9.3.4.1). 

The standard chemical engineering approach to estimating the rate of a transport 
process is to define and measure a driving force for the process, along with the physical 
resistances to transfer. Thus, 

Rate = Driving force/Total resistance (1) 

In the transfer of heat by conduction, the driving force is the temperature differential 
between two zones. The specific resistance to conduction through a body is more fre¬ 
quently reported as its reciprocal, the thermal conductivity. Similarly, other transport 
processes are characterized by a coefficient that yields the rate when applied in Eq. (2): 

Rate = Coefficient x Driving force (2) 

The use of resistance has the advantage that the separate series resistances in a composite 
system are additive. 


70.5.7. Heat Transfer 

Conduction. Heat transfer takes place by conduction, convection, and radiation. Con¬ 
duction is the intermolecular transfer of heat as hotter molecules pass some of their 
energy on to those that are colder. Pure conduction occurs only in solids and certain 
confined fluids. The simplest situation is the transfer of heat between parallel planar 
surfaces. In terms of Eq. (1), the driving force is the temperature differential between 
the two surfaces. The resistance is proportional to the distance between surfaces and 
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inversely proportional to the area available for heat transfer and the thermal conductivity 
of the medium. This gives 


Q — kA At/x 


(3) 


where 

Q = amount of heat transferred in unit time, 
k = thermal conductivity of the medium, and 
X = distance between planar surfaces. 

Thermal conductivity varies slowly with temperature. In most cases, an average 
value can be used with very little error. 

Conductive heat transfer through concentric circular surfaces is very common. 
Examples include tubing, piping, equipment surfaces, and insulation. Here, a 
logarithmic-mean cross-sectional area should be used: 

Aavg = (A2-Ai)/ln(A2/Ai) (4) 


where 

A 2 = area of outer surface, 

A 1 = the area of inner surface. 

As the value of (A2/A1) approaches unity, Aavg approaches the arithmetic mean. 
When the solid comprises a number of layers, we have 

Q = kiAiAt\/x\ = k2A2At2lx2 = ... (5) 

The individual resistances, Ri = Ajci/^i Ai, are additive: 

e = At/E/?i (6) 

Convection. Most industrial processes rely more heavily on convection for the transfer 
of heat. Here, the process is aided by the bulk movement of fluid. Natural convection 
takes place when the transfer of heat itself causes variations in the density of the fluid. 
The resulting flow, under the influence of gravity, transfers heat from one zone to another. 
When the fluid is forced into motion by an outside agency such as a pump or an agitator, 
we have forced convection. Most of the applications of interest here rely on forced 
convection. 

The classical approach to analysis of this problem still relies on Eq. (1). Consider 
the cooling of a solid surface by a fluid. One hypothesizes a stagnant film of the fluid 
that possesses all the fluid-phase resistance to heat transfer. The properties of the fluid 
and the thickness of the film determine the magnitude of the resistance. Boundary-layer 
theory enables estimation of various film thicknesses, but normal engineering practice 
is based on the use of individual coefficients that are empirically determined. Thus, the 
local individual coefficient for the film at a surface is defined by the Newton relation 


dq = h dAAt 


( 7 ) 
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where 

dq — rate of heat flow 
dA = differential area under consideration 
= temperature differential across film 
h = film coefficient of heat transfer (energy flow per unit time, area, and 
temperature difference) 

We can compare this with Eq. (3) for conductive heat transfer. The coefficient h is 
analogous iok/x,ih& conductivity divided by the thickness of the solid. In heat-transfer 
calculations, we equate convection to the conduction of heat through the postulated 
stagnant film. 

Next, we consider the common situation in which heat is transferred between fluids 
separated by a solid surface. We have three resistances in series, which are the two liquid 
films and the solid wall between them. At steady state, the rates of heat flow through 
the three resistances are equal. The total temperature differential then divides itself in 
proportion to the values of the resistances. We have 

d^ = /ih dAh Ath — {k/x) dAs A4 = he dAc Ate 

The terms are as defined above, and the subscripts h, s, and c refer, respectively, to the 
hotter film, the solid, and the colder film. We can also describe the process in terms of 
an overall heat transfer coefficient, U : 

dq = UdAAt 

Here, At = Afh + Afg + Ate* If the surface is planar, dA = dAh = dAg = dAc. If not, 
we can define U in terms of any of the individual areas. Then 

1/1/ = dA//2hdAh =:JcdA/A:dAs =dA/hedAc 

In a tubular exchanger, the different areas vary with the thickness of the tube wall. 
Approximate work may depend on the fact that this thickness is usually a small fraction 
of the diameter of the tube, and that the inside and outside areas are nearly the same. 
Also, in many cases, one of the resistances is substantially greater than the others, which 
can then be ignored. Then, 


U^hi^ 

where /^L is the limiting coefficient, or the reciprocal of the major resistance. 

The chemical and mechanical engineering literature dealing with convective heat 
transfer is huge. Even to begin a summary would make this chapter unduly long. The 
reader is referred to engineering handbooks and the classical texts on unit operations. 


Radiation. Radiation is quite different from conduction and convection. The 
Stefan-Boltzmann law states that radiant energy flux is proportional to the fourth power 
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of temperature: 


E = eaT"^ 


where 

e — emissivity 

o-=4.88 X lO-^kcaltn^hrT^ 

The emissivity accounts for the properties of a radiating surface. An ideal radiator, 
or “black body,” has a value of s = 1. The rate of radiative heat transfer between two 
bodies is proportional to the difference between the fourth powers of their temperatures. 
In most commercial apparatus, not all the radiation from one body reaches the second. 
Radiation goes out in all directions, and only some of it reaches the intended receiver. 
The fraction that does is called the area factor or the view factor. Thus, 


qR = scrUAiT^ - T^) 


where 

= heat transferred by radiation, 

A = area of surface, and 
/a = view factor. 

When temperature ranges are small, the usual approximation is 


= h^AiTi — 72 ) 


This requires 


hR = ea/A (t^ + T^T2 + Ti 

If we consider a source at 200°C and an object at 80°C, a change of PC in source 
temperature changes the quantity in parentheses by 0.4%. For most practical purposes in 
chlor-alkali production, the above approximation is justified. In fired heaters and similar 
equipment, where radiation is the principal mode of heat transfer, proper calculations 
based on the complete equation are necessary. 


Evaporation. The study of evaporation encompasses both heat transfer and special 
process considerations. The heat-transfer mechanism usually is convective exchange 
between heated tubes and a process fluid, as discussed above. There are no fundamental 
differences between evaporators and other heaters. 

The most important process design considerations deal with efficient process design 
and, in particular, the practical minimization of energy consumption. Other sections that 
deal with evaporation (Section 9.3.3.1; Section 9.3.3.2) have covered multiple-effect and 
vapor-recompression evaporation. Section 9.3.3.2 also discussed evaporation process 
design. 
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10.5.2. Gas Absorption 

10.5.2.1. Absorption as a Transfer Operation. Absorption is the unit operation in which 
a gas is brought into contact with a liquid (the solvent) that can dissolve at least one 
component of the gas (the solute). The process is characterized by the equilibrium 
relationships of all components between two phases. Henry’s law, which states that 
solubility is proportional to partial pressure, is the simplest of these relationships: 


c==Hp 


( 8 ) 


where 

c = dissolved concentration, mole fraction; 

H = proportionality constant; and 
p = partial pressure of component in gas phase. 

Henry’s law usually is valid when a substance is only sparingly soluble or when 
the partial pressure is very low. It then often holds true regardless of the units used to 
express the concentration c. In any event, the units used for H must be consistent with 
those of c and p. 

Figure 10.5.1 shows the pressure and concentration profiles near a gas-liquid 
interface as a substance is absorbed. The quantities at the interface, p\ and c\, are at 
equilibrium. The bulk quantities p and c are respectively higher and lower than the 
interfacial quantities, and the differences are the driving forces for diffusion across the 
interfacial films. The mass-transfer flux through the films is 


J = Dg(p - Pi)/8G = - c)/5l (9) 



FIGURE 10.5.1. Pressure/concentration profile near the interface between gas and liquid phases. 



1068 


CHAPTER 10 


where 

J = flux, kg mol m“^ hr“^ 

Z>L = diffusivity, hr~^ ^ 

Dg = diffusivity, kgmolm“^ hr“^ atm“^ 

8 = thickness of boundary layer, m 
c = concentration, kg mol m“^ 
p = partial pressure, atm 

The use of the second equal sign and a single value of J is appropriate at steady 
state. The engineering approach relies on the use of mass-transfer coefficients: 

kc = Dg/8g ( 10 ) 

( 11 ) 

We can define the dissolved concentration in equilibrium with the gas-phase partial 
pressure p as c*. Then an overall mass-transfer coefficient K]^ exists: 

J = Kl(c* - c) (12) 

1/Kl = H/kG + 1//:l (13) 

K\^ must be smaller than either film coefficient. In the limiting case, where one film 
coefficient is much smaller than the other, Ki^ will be nearly equal to either kG/H ovk]^. 

The above is the stationary two-film theory. Later developments recognized that 
a real process has some means of continuous agitation or renewal of the liquid surface 
in contact with the gas. The so-called penetration theory of gas absorption, therefore, 
considers the transient diffusion of a dissolved gas into a stationary liquid phase away 
from an interface at constant concentration. The difference between this approach and 
the steady-state two-film theory is that one assumes the periodic replacement of the liquid 
surface layer. There is no steady state, and the standard equations of diffusion hold: 

= dA/dt (14) 


where 

D\ = diffusivity of substance A 
A = concentration of A dissolved in liquid, molar units 
X = distance in direction of diffusion, normal to interface 
t = time measured from first exposure 

and 


A(0, /) = Ai 

A(oo, t) — A(x, 0) = Aq 


The first boundary condition requires the interfacial concentration of A to be constant. In 
a liquid-phase controlled system, it is in equilibrium with the gas. The second requires 
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the initial concentration of A to be uniform throughout the liquid phase, which extends 
to infinity. 

The solution is well known: 

(A - Ao)/(Ai - Ao) = (jc/V4^) (15) 

The penetration theory then characterizes any operation or absorption apparatus by 
the time between replacements of the surface, or the time during which the diffusing 
solute “penetrates” the liquid phase. We denote this time by ip. Differentiating Eq. (15) 
with respect to x gives the quantity dA/dx, the concentration gradient. This quantity 
when evaluated at the interface is the liquid-phase driving force for absorption. The 
instantaneous rate at time t becomes 


R(t) = (Ai - Ao)(£>aM0‘/^ (16) 

The average rate during the exposure of the surface is obtained by integrating R(t)dt 
over the time interval 0 to tp and dividing the result by ip. The mass-transfer coefficient 
becomes 


kL = (4DA/jrrp)i/2 (17) 

This differs from Eq. (11) by substituting a function of the penetration time for the 
thickness of the liquid film and by involving only the square root of the diffusivity. 
Figure 10.5.2 shows concentration profiles near an interface shortly after it forms. The 
magnitude of the interfacial concentration gradient, and therefore the liquid-phase mass- 
transfer coefficient, decreases rapidly. A high degree of agitation, leading to frequent 
surface renewal and a small value of tp in Eq. (17), will produce a high mass-transfer 
coefficient. 



FIGURE 10.5.2. Change of concentration profile with time near the interface. 
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10.5,2.2, Absorption Accompanied by Chemical Reaction. When a dissolving species 
undergoes a reaction in the liquid phase, the concentration profiles and the mass- 
transfer coefficient are affected. The disappearance of the solute by reaction causes 
its concentration to fall more steeply across the interfacial film or penetration distance. 
The concentration gradient becomes steeper, and the mass-transfer coefficient becomes 
greater. 

Figure 10.5.3 shows how the process in the liquid film of Fig. 10.5.1 is affected. 
As the dissolving substance A moves to the right in the boundary layer or film, a reactive 
component B diffuses to the left from the bulk of the liquid. We assume a rapid reaction 
between A and B. They will meet at some plane in the boundary layer and react with 
each other. The reaction plane is at some fraction x of the thickness of the film away 
from the interface. The equations of flux become 

J' = ^ga(pa — PAi)/^G = T)LA<^Ai = C>i^bcb/[(^ — x)8i^] (18) 

The rate of transport of A through the liquid film is greater here than in Eq. (9) because 
there is no bulk concentration term to be subtracted from the interfacial concentration of 
A and because the denominator now contains the term jc, which is less than unity. The 
value of X will be determined by the relative concentrations and diffusivities of A and B. 
With constant diffusivities, we define 

a = Dlb/Dla (19) 

Following the development of Eqs. (9) through (12), we obtain 

j' = KL{cX + acB) ( 20 ) 



FIGURE 10.5.3. Effect of reaction on concentration profile. (Dashed lines are tangent to solid curves at 
>;-axis.) 
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Comparing this to the flux without reaction, given by Eq. (12), we have 

J*IJ = (c^ + aCfi) / {c\ - Ca) = 1 + (CA + Q!Cb) / {c\ - ca) (21) 

The last term is the extent of acceleration of gas absorption by the reaction between 
A and B. 

Equation (21) depends only on the concentrations and dilfusivities of the reactants. 
The reaction itself is assumed to be rapid. Slower reactions require modifications to the 
equations. 

Equation (14) must be modified to show the disappearance of component A by 
reaction: 


DAid^Aldx^) = dAldt + Rp, (22) 

where /?a is some function of concentrations in the liquid. As an example, we take the 
simplest case of an irreversible first-order reaction, where 




(23) 


Now Eq. (22) becomes 


dA/dt = Df^id^A/dx^) - kAA 


(24) 


A solution to this equation is 


A(x, t) = k J e ^^a(x, t)dt -h e ^^a(jc, t) (25) 

where a(x,t) is a solution of the basic diffusion equation without reaction. The simplest 
proof of Eq. (25) is by differentiation and substitution. The advantage of this equation 
is that, given a reaction rate constant and a penetration time, the effect of an irreversible 
first-order reaction on any system already solved for the case of physical absorption is 
easily established. 


70.5.2.3. Absorption in a Packed Column, Figure 10.5.4 shows a packed column 
absorber with unit cross-sectional area and height 77. Gas enters the bottom of the 
tower and liquid absorbent enters the top. Assume that the solute in both gas and liquid 
is dilute, so that the volumes of carrier gas and solvent are unchanged in passing through 
the tower. The material balance on a differential element is 


L dx = G dy 


(26) 
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where 

L = flow rate of liquid, kg mol hr“ ^ 

G = flow rate of gas, kg mol m”^ hr“^ 

X — mole fraction of solute in liquid phase 
y = mole fraction of solute in gas phase 

For the column as a whole. 


L(x2 - a:i) = Giy2 - 3^i) (27) 

Figure 10.5.5 shows an equilibrium line along with operating lines for absorption and 
desorption. The distance between the operating line and the equilibrium line represents 
the driving force. 

Again, we consider a volume element of height dh. Mass transfer takes place at the 
wetted surface of the packing, and the effective area is difficult to estimate. Consequently, 
it is more convenient to discuss mass-transfer coefficients for a unit volume. We denote 
these as ATl for the liquid phase and Kq for the gas phase in units of kg mol m”^ hr“^ 
Combining these definitions with the material balance equations above, we have 


Ldx = Ki^(x* — x) dh 
Gdy = KG(y-y*)dh 


(28) 

(29) 
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FIGURE 10.5.5. Operating line and equilibrium line of gas absorption. (Dotted line shows the operating line 
for gas stripping.) 


where x* and }?* are the concentrations in equilibrium with y and x, respectively. With 
these equations, 


H = (L/Ki^) j dx/(x* -x) = (G/Kg) j dy/(y - y*) (30) 

The quantities LfKi^ and GfKc represent the difficulty of making a change in concen¬ 
tration, The denominators are the mass-transfer coefficients, which describe the rates 
of transfer, while the numerators represent the molar flows of material, or the amounts 
of transfer required. The combination gives a number expressed in length, or meters. 
Inside each integral, the value becomes unity when the change in x or y becomes equal 
to the average driving force over the interval. This is a dimensionless quantity and is an 
intensive property that is independent of the size of the apparatus and the magnitude of 
the flow rates. The integrated quantity is, therefore, referred to as the number of transfer 
units required [1]. The numbers of transfer units on the liquid and gas sides are generally 
unequal: 
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FIGURE 10.5.6. Mass-transfer operation with straight equilibrium and operating lines. 


The terms L/^l and G/Kq are the heights of column required to provide one transfer 
unit for the liquid and the gas phase, respectively. Multiplication of these quantities by 
the number of mass-transfer units called for by integration of the forms in Eqs. (31) 
and (32) give the height of packing required. 

The course of a mass-transfer operation can also be followed graphically by 
establishing equilibrium and operating lines. The equilibrium line on Fig. 10.5.6 is 
straight in accordance with Henry’s law (Eq. 8). Operating lines are established by 
constructing a material balance over the column. Straight lines can also represent the 
simplest case, as in Fig. 10.5.6. Many of the analytical solutions to absorption problems 
are based on the assumption of straight equilibrium and operating lines. In many real 
cases, this assumption fails. Figure 10.5.7 shows a more realistic case. Equilibrium lines, 
in particular, are often highly nonlinear. We have seen in Section 7.5.9.1 that chlorine in 
water is a good example of this. Graphical solutions are not affected by this nonlinearity. 
A practical effect is more likely to be a pinch region, as shown in the drawing, where 
the equilibrium and operating lines are close together. More plates or transfer units are 
then required to produce a given change in concentration. 


10.53, Adsorption and Ion Exchange 

10.5.3.1. Adsorption. Adsorption occurs when a fluid mixture comes into contact with 
a solid surface. Purification of a gas or liquid by adsorption of impurities on charcoal is 
a typical example. Adsorption mechanisms can be quite complex, but equilibrium can 
be represented by isotherms showing the amount of a given component adsorbed by a 
unit of solid adsorbent, which is a function of gas-phase partial pressure or liquid-phase 
concentration. 
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FIGURE 10.5.7. Mass-transfer operation with curved equilibrium and operating lines. 

10.5.3.1 A. Gas-Phase Adsorption. In the case of a gaseous mixture, the adsorption 
isotherm can be represented as 


V = f{p)T 


(33) 


where 

V = volume of gas adsorbed by a unit weight or volume of adsorbent, 
p = partial pressure of component being adsorbed, and 
T = temperature (constant for a given isotherm), 

Irving Langmuir developed an equation for adsorption on a solid surface under low 
pressure, where the number of adsorbate molecules present is not sufficient to cover the 
solid surface. At equilibrium. 


ki{\-e)p^k2e (34) 

where 6 is the fraction of the surface covered by adsorbate and the two sides of the 
equation show the rates of adsorption and desorption, respectively. The volume of gas 
adsorbed (V) is proportional to the number of gas molecules on the surface: 


U = k^O (35) 

The parameters k\^k 2 , and k'^ all are assumed constant. Rearranging Eq. (34), 

0 = k\p/{k\p + k2) (36) 


Then, 


y = kp/{\ + k'p) 


(37) 
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with 

k-=-k\kilk'i 
k^ ^kxjk'i 

The term k^ is the equilibrium constant for adsorption. When k^ is large, V tends to 
be nearly constant and not influenced by pressure. When k' is small, V is proportional 
to the pressure. 

This isotherm can be modified to suit other conditions, such as the existence of 
more than one layer of adsorbed gas molecules. Alternatively, other isotherm models, 
usually empirical, can be used. One of these is the Freundlich isotherm. 


V = kp^ (38) 

The simpler isotherms are used when interactions between neighboring molecules at the 
solid surface are relatively minor. Heats of adsorption are then as low as 5-10 kcal mol“ ^, 
of the same order as the heat of vaporization. Therefore, the gas molecules are considered 
to be bonded physically to the surface by the van der Waals force. Other cases have 
heats of adsorption of 10-100 kcal mol“^ Molecules dissociate to atoms and adhere to 
the solid surface by sharing some outer-shell electrons. This phenomenon is known as 
chemisorption, and it is of great importance in catalytic reactions. The adsorption of 
oxygen on charcoal is an example of chemisorption. 

Suppose that a vessel contains L kg of adsorbent. When G kg of gas is fed to 
the vessel, the content of the adsorbable component in the gas decreases by (yi — ^ 2 )- 
The content of the same component in the adsorbent increases by (x 2 — xi), where x and 
y are fractions in the adsorbent and the gas space, respectively. The material balance is 

Giyx-y2) = L(x2-xx) (39) 


This gives 


ixi-X2)/(yi-y2)^-G/L (40) 

Line QP on Fig. 10.5.8 represents Eq. (40). The curve represents the equilibrium for this 
system. Adsorption rates are generally fast, and the system reaches equilibrium rapidly. 
When the Freundlich isotherm applies and xi is zero, Eq. (40) becomes 

G/L = ky^/(yi - ya) (41) 

This equation is useful in the determination of the required volume of adsorbent. 
Figure 10.5.8 shows only one stage. Multi-stage adsorption is common practice, then 
and Eq. (41) applies successively to the respective stages. Figure 10.5.9 is the graphical 
representation for the case in which fresh adsorbent is used in each of three stages. Note 
that in general the slopes of the operating lines for the different stages need not be equal. 

More practically, the adsorbent is arranged in a packed column for continuous 
operation (Fig. 10.5.10). Sizing such a column requires us to consider the rates of mass 
transfer. The driving force for mass transfer is the difference in activities of the adsorbable 
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FIGURE 10.5.8. Equilibrium curve for gas adsorption. 



FIGURE 10.5.9. Three-stage batch adsorption operation. 


component between the fluid and solid phases. The concentration in the fluid phase is 
and we denote the solid-phase activity by the fluid-phase concentration that would be in 
equilibrium with the adsorbate concentration. We denote this by y*. 
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FIGURE 10.5.10. Packed column (left) and concentration profile (right) in the adsorption tower. 


Now we consider a differential slice of the column in Fig. 10.5.10. The rate of flow 
is G kghrm“^. The concentration entering the section under study is y. This changes 
to y “ dy in our differential volume. From the material balance, the amount adsorbed 
is GSdy, S being the cross-sectional area of the column. Denoting the mass-transfer 
coefficient by K, the rate of transfer in a unit volume is A'Cy — y*). Therefore, we have 

GSdy = KS(y-y*)dh (42) 


This reduces to 


dh = (G/K)xdy/(y^y*) (43) 

G/K is the height of the mass-transfer unit. Integration of the second term on the right- 
hand side between the limits given by the feed concentration and the desired outlet 
concentration gives the number of transfer units required. Multiplication of the two 
quantities gives the height of the column. 


10.5.3.1B. Liquid-Phase Adsorption. Adsorption of both the solvent and the solute 
occurs when a binary liquid solution is exposed to a solid adsorbent. What one observes 
is the preferred adsorption of the solute. While some texts consider correction of the 
results for the amount of solvent adsorbed, the fraction of the total that is adsorbed is 
usually assumed to be negligibly small. 
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Liquid adsorption isotherms have many different shapes and may be quite complex. 
It is difficult to generalize over the whole range of possible concentrations. In dilute 
solutions, the common application in the chlor-alkali industry, the Freundlich isotherm 
frequently applies: 


c* = k[V(co - c*)]'* (44) 

where V (cq — c*) is the apparent adsorption per unit quantity of adsorbent and k and n 
are constants. 


10.5.3.1C. Continuous Processing in Fixed Beds. There are some useful analogies 
between adsorption and absorption processes, and some of the techniques used to ana¬ 
lyze absorption operations are useful here as well. Some large-scale adsorption processes 
depend on a moving bed of solids, and Eqs. (42) and (43) apply to these processes. After 
exposure to the process fluid, the adsorbent is then removed from the column and taken 
elsewhere for regeneration. In this case, the adsorbent plays the role of the solvent, and 
the analysis of transfer in the bed is quite similar to the analysis of the absorption process. 

The complexities of moving and handling solids add to the cost of the operation, 
and so a common technique in the field of adsorption is the use of a fixed bed of solids. 
The process becomes unsteady-state and semicontinuous. The solids remain in place as 
the fluid passes through. Occasionally, operation of the bed must stop to allow removal 
or regeneration of the solids. 

We consider this sort of operation below. The analysis applies equally well to 
gases and liquids. Key assumptions are that there is one strongly adsorbable component 
present and, at least in the illustration, that the fluid moves downward. We shall refer to 
the adsorbable component as the “impurity.” 

The upper part of Fig. 10.5.11 shows the extent of loading of the bed with adsorbate 
at several different times during its operation. The lower part shows the concentration of 
the key component in the effluent from the bed as a function of time or volume of fluid 
processed. At the beginning, the top layer of adsorbent removes nearly all the impur¬ 
ity. The rest of the column is a scavenger for trace amounts, and the concentration in 
the effluent is nearly zero. In the second picture of the bed, the top layer is saturated 
with impurity. It is in equilibrium with the feed solution. Most of the duty is then taken 
up by a lower section of the bed. Since this section has already had some exposure to 
the impurity, it has less residual capacity, and the zone of adsorption becomes longer. 
The concentration of impurity in the effluent is still very low. As the operation contin¬ 
ues, more of the adsorbent becomes saturated, and the effective adsorption zone moves 
down through the column. The next section shows the tail of the adsorption zone as 
it approaches the bottom of the column. The effluent concentration begins to increase 
much more rapidly. This is the beginning of the phenomenon of “breakthrough.” If the 
operation continues, the bed does not have the capacity to remove the impurity fully, 
and its concentration in the effluent increase more or less rapidly until the bed is totally 
exhausted and the feed and effluent streams have the same concentration of impurity. 

The lower part of Fig. 10.5.11, the concentration-time or concentration-volume 
curve, is characteristic of the system, the flow rate, and the column geometry under 
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FIGURE 10.5.11. Development of the adsorption wave. 


investigation. If we consider the concentrations Q and Ca, some thought will show 
that an adsorption wave bounded by these values moves down through the column. The 
concentration profile remains fairly steady, as does the length of bed between Q and 
Ca. This is referred to as the length of the transfer zone, and it is an inverse measure 
of the efficiency of the mass-transfer process. It fixes the length of the bed that must be 
subtracted if one is to avoid breakthrough. The length of the transfer zone depends on 
the distribution of active sites and pore structure of the adsorbent and on the velocity and 
transfer properties of the liquid. 


10,53.2, Ion Exchange. Ion exchange is a reaction between two electrolytes, one of 
which is insoluble while the other is in solution. The insoluble electrolyte may take one 
of many forms, but in the applications of interest here, it will be a synthetic organic 
resin. The resin has one ion tightly bound as part of its structure, while the co-ion is 
held to it by an electrovalent bond. That ion is relatively mobile and free to exchange 
with the corresponding ion in the soluble electrolyte. The nature of a resin is described 
by the type of mobile ion present. Thus, if the anionic portion is fixed to the polymeric 
structure and the cationic portion can exchange with the fluid, we have a cationic, or 
cation-exchange resin. This is the type used in brine softening, the most important 
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application in the chlor-alkali industry. Water treatment depends on cation-exchange 
resins for simple softening and both types for complete demineralization. In the latter 
case, anion-exchange and cation-exchange resins are used in sequence or in mixed beds 
to remove essentially all ionic species from the water. 

Methods of providing contact between solids and liquids are the same as those 
discussed under adsorption. The cation-exchange process involves the following 
sequential steps: 

1. diffusion of the dissolved cation to the surface of a solid particle, 

2. diffusion on or within the particle to an exchange site, 

3. the ion-exchange reaction, 

4. diffusion of the released cation to the solid/liquid interface, 

5. diffusion of the released cation into the liquid phase. 

In the chlor-alkali industry, fixed-bed operation is the norm, and from the engineer¬ 
ing standpoint, an ion-exchange process closely resembles a liquid adsorption process. 
The same methods are used in engineering design, and so the two processes frequently 
are treated together in unit operations courses. In particular, the analysis of Fig. 10.5.11 
and the use of the concepts of length of mass-transfer zone and length of unused bed are 
common in ion-exchange technology. 


10.5.4. Distillation 

Distillation is a process of differential vaporization of components of a liquid mixture. 
The tendency of a given component to vaporize is related to its vapor pressure. In an 
ideal solution, Raoult’s law states that the partial pressure of a component in the vapor 
over a liquid is equal to the product of its vapor pressure and liquid-phase mole fraction: 

Pi = PiXi (45) 


where 

Pi = partial pressure of component i in the vapor, 

= vapor pressure of component i at the temperature of the system, 

Xi = mole fraction of component i in the liquid. 

When the liquid consists of two or more components, those with higher vapor pressures 
will be enriched in the vapor phase. The total pressure on the system will be the sum 
of the partial pressures of the various components. Thus, in an ideal system, the mole 
fraction of component i in the vapor space will be 


yi = Pi/^ = (Pi/yt)xi 


(46) 


where n — total pressure. 

Most liquid mixtures do not display ideal behavior, and then Eq. (46) does not hold. 
The standard engineering approach to this problem is to apply a correction factor to 
Eqs. (45) and (46). The correction factor is the liquid-phase activity coefficient of the 
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component in question. Denoting it by y, we have 

Pi = YiPiXi (47) 

yt = YiPi!^ = {YiPi/^)xi (48) 

Applying Eq. (48) to the various components of a mixture reveals the degree of separation 
that occurs with partial vaporization. Assuming a binary mixture, we have 


y\ = Y\P\/^ = {Y\P\I^)x\ 

yi = YlPl!'^ = iYlPlI^)^! (49) 


or, transposed 


y\/x\ = yiPi/TT 

yi/xi = YiPi/^ (50) 

We define these ratios as the “volatility” of the component. Comparing the two 
components, we then have for the “relative volatility” 

Of = {y2/x2)l{y\/x\) = y2PiIy\P\ (5i) 

Normally, we assign subscripts to produce a > 1. If we consider a 50/50 mixture of 
two components with a = 2, the first vapor formed will contain 66.7% of the more 
volatile component. Continued vaporization would be from a leaner mixture, and the 
concentration of the volatile material in the vapor would decrease. An equilibrium system 
of 50% vapor and 50% liquid thus would contain 58.6% of the more volatile component 
in the vapor. 

With ideal solution behavior, the activity coefficients are not necessary in Eq. (51), 
and the relative volatility is simply the ratio of the vapor pressures. Most real systems 
have at least some nonideality in their behavior. It then becomes important to know 
the magnitude of the activity coefficients and to understand how they depend on the 
composition of the liquid. By necessity, the activity coefficient of a pure component is 
unity. The activity coefficient of a component, therefore, depends on its concentration 
in the liquid. The activity coefficients of the components of a mixture can be related to 
their chemical potentials, and there are thermodynamic requirements that govern their 
comparative values. The Gibbs-Duhem equation states that 


x\{d\nY\/^x\)T^p X2{d\nY2/^X2)T,P H-=0 (52) 

This relates the activity coefficient of any component of a liquid mixture to the 
concentrations of all components. In a binary system, Eq. (52) becomes 


x\(d In yi/^xi)t = ^2(9 In Y2/^X2)t 


(53) 
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Many approximate solutions to this equation are available. Methods suitable for use 
in machine computation are capable of generating the necessary coefficients from the 
properties of the components. 

One form of separation is differential distillation, in which a batch of liquid vapor¬ 
izes until a certain amount is left as residue. The Rayleigh equation [2] for such an 
operation is 


lniW/Wo)= f dx(y-x) 
JxQ 


(54) 


where 

W = weight (or moles) of mixture, 

X = weight (or mole) fraction of given component in liquid, 

y = weight (or mole) fraction of same component in vapor, and subscript 0 refers to 
starting mixture. 

With no assumptions made on the relationship between x and y, this is an exact equation. 
Assuming that x and y are always in equilibrium and that the relative volatility of one 
component to the other is constant (or, more precisely, that an average value can be used 
with acceptable error), we have 


A/Ao = (B/Bor (55) 

This is useful in estimating the accumulation of the hazardous compound nitrogen 
trichloride when a batch of chlorine is allowed to vaporize. 

Continuous distillations usually take place in towers containing packing or plates 
to promote vapor-liquid contact. With vapor and liquid in countercurrent flow through 
the tower, analysis usually is in terms of the number of theoretical plates required to 
effect the desired separation. Figure 10.5.12 illustrates the concept of a theoretical plate. 
The vapor and liquid leaving the plate are in physical equilibrium. Distillation calcula¬ 
tions then depend on accurate knowledge of the equilibrium relationship. When activity 


© 


Liquid 

In 


@ 

I Vapor 
T Out 


t 


Theoretical 

Plate 


A 


Streams @ and (4) are 
in physical equilibrium 


Vapor 

In 


Liquid 


T Out 

(D 


FIGURE 10.5.12. Concept of a theoretical plate. 
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coefficients are available or can be estimated by the Gibbs-Duhem equation, computa¬ 
tion is straightforward but may be laborious. A number of approximate solutions to the 
Gibbs-Duhem equation are available and packaged for machine computation. 

Chemical engineers still often rely on a simple graphical technique for preliminary 
estimates and to give them a feel for situations that may complicate the separation of two 
components. This is the McCabe-Thiele method, illustrated by Figs 10.5.13-10.5.15. 
The upper curve in Fig. 10.5.13 shows the vapor-liquid equilibrium conditions for the 
system. Its ends are joined by a 45° straight line for which a: = y. In Fig. 10.5.14, 
we take as an example an operation that is to produce 95% purity at both ends of the 
column. The topmost line segment joining the equilibrium curve and the straight line is 
at y = 0.95. This intersects the equilibrium curve at a lower value of x. If a small amount 
of vapor is generated from such a liquid and then condensed, it will produce a liquid 
that is 95% in the more volatile component of the mixture. Because only a small amount 
of vapor is generated in this step, it and the liquid left behind are in equilibrium. This 
satisfies our definition of a theoretical plate. The first vertical line segment from the right 
joins the point generated as explained above to the a: = y line. The second horizontal 
segment repeats the process for a vapor of this composition. Its left end determines the 
composition of its equilibrium liquid. We can continue to move to the left, following 
the same procedure. Each step represents a theoretical plate, and we find that slightly 
less than seven theoretical plates will provide the desired separation. However, this is 
an impractical minimum. Only a differential amount of vaporization is allowed at each 
plate. The separation could be achieved in a column of seven theoretical plates only by 
operating at nearly total reflux and withdrawing very little product. 



X = Mole Fraction Volatile Component in Liquid 


FIGURE 10.5.13. Typical vapor-liquid equilibrium curve. 
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x = Mole Fraction Volatile Component in Liquid 

FIGURE 10.5.14. McCabe-Thiele diagram at total reflux. 



x = Mole Fraction Volatile Component in Liquid 


FIGURE 10.5.15. McCabe-Thiele diagram for real column with partial reflux. 
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In a real column with a practical rate of throughput, reflux from the top and boilup 
from the bottom both must be incomplete. When a significant amount of the volatile 
component leaves as overhead product, for example, less is available for reflux into the 
column. This reduces the amount of rectification available on the top tray. The 45"^ line 
no longer shows the relationship between vapor and liquid compositions in the column. 

If we consider the material balance above a plate in the upper section of a column, 
the amount of vapor rising from the plate is equal to the amount of liquid falling from 
the plate above plus the amount of distillate withdrawn: 


Vn = -|- D 


(56) 


In terms of the more volatile component, 

Vnyn = Ln+lXn+l + Dxj) (57) 

Here, x and y refer to the concentrations of the volatile component in the indicated 
streams. Next, 


y;, = {Ln+l/Vn)Xn+\ + (D/Vn)XB (58) 


or 


y« = [^rt+l/(f'/i+l + D)]Xn-\-l + [D/iLn-^\ + f))]^D (59) 

The split of the overhead condensate is often referred to in terms of the reflux ratio, 
R = L/D, Then we have 

= [R/(R + l)]xn+i + xu/(R + D (60) 

This is the equation of the straight line AB in Fig. 10.5.15. When R is infinite, it 
degenerates to y„ = Xn+i, and Fig. 10.5.14, in fact, represents the column. 

There will be a similar relationship in the lower part of the column between plate 
compositions and the amount of bottoms leaving the column: 


^mym — ^m+1-^111+1 (61) 

ym — (f^m+l/^n)-^m+l“(^/^m)-^B (62) 

This is another straight-line equation represented by line CD. Figure 10.5.15 shows 
how Eqs. (59) and (60) are used in graphical analysis. The two straight lines that these 
equations determine become the “operating lines” for the column. At any section of 
the column the vapor and liquid compositions above or below a given plate fall on one 
of these lines. The graphical procedure is the same as above. Stepping back and forth 
from equilibrium curve to operating line between the defined overhead and bottoms 
compositions, we find that about ten theoretical plates are necessary. Varying the slope 
of the operating lines will show that lower reflux and boilup ratios can be used at the 
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expense of adding more theoretical plates. One of the design engineer’s tasks is to 
optimize this relationship. 

The McCabe-Thiele method has the great advantage of simplicity, and it is a very 
useful qualitative tool in analyzing column operations. However, it is highly restricted. 
Nothing was said in the above derivations about heat balances inside the column. A tacit 
assumption in moving from Eq. (59) to Eq. (60) was that the ratio of vapor to liquid 
flow remains constant in the upper and in the lower section of the column. This is a fair 
assumption for many systems (e.g., organic homologs such as benzene and toluene). 
In others, there are severe deviations. Addition of feed to the colunm, somewhere in the 
center, disrupts both heat and material balances. There are various methods for dealing 
with these deficiencies, but exact calculations now depend on computerized analysis. 
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Instrumentation and Control 
Systems 


ILL INTRODUCTION 
ILl.l. General 

Chapters 7 through 9 have already covered the processes involved in a chlor-alkali plant, 
along with some of the essentials of their control. This chapter goes into the details of 
control systems and hardware. The discussion, where differences exist, focuses primarily 
on the membrane-cell process. The chlorine and hydrogen processes are essentially the 
same regardless of the type of cell used. Control of absolute and differential pressures 
is especially important in the gas systems, and so the discussion is divided primarily 
according to operating pressure level. Membrane cells require extremely pure brine, and 
some of the operations used are not necessary with the other types of cell. Otherwise, 
mercury-cell brine systems are for the most part very similar to those in membrane¬ 
cell plants, but they require their own special features and precautions to prevent the 
escape of mercury into the environment. Diaphragm cells require approximately the same 
treatment of new brine, but, unlike the situation with the other cells, there is no direct 
recycle of the anolyte. Therefore, the discussion of brine systems follows the membrane¬ 
cell process, which is the most comprehensive of the three. The caustic systems for the 
three manufacturing processes are very different and are discussed separately. 

The individual unit operations and equipment chosen for a particular manufacturing 
process can vary from one plant design to another. This is especially true in the design 
of the brine systems, where the quality and sources of the brine vary greatly among 
plants. Methods for using the products or transporting them to customers also have a 
major influence on the design. Other factors with significant effects on control system 
design are the general operating philosophy of the plant’s ownership and the partic¬ 
ular design preferences of responsible engineers. It would be impossible to discuss 
all practical variations in process design and the resulting control systems. Thus, this 
chapter is restricted to a basic system design for each of the processing areas. Con¬ 
trol engineers should be able to incorporate the changes necessary to suit individual 
projects. 
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The unit operations found in each area are discussed, covering control system 
design, instrument selection, and materials of construction. It is obvious that control 
systems engineers will have different opinions as to what controls, instruments, and 
materials are the best to be used for any application. The selections here emphasize 
simplicity of design and the use of quality equipment and materials of construction. This 
philosophy does not result in the lowest initial cost, but it has produced plants that are 
easy to start up and operate, with high onstream factors and long lives. 

After a short general discussion, we cover here the major parts of the process in 
the sequence brine, chlorine, hydrogen, caustic liquor handling, and caustic evaporation. 
Small units are broken out in a series of drawings, and each drawing illustrates a particular 
function. Drawings illustrating given units may not show all the instrumentation that 
accompanies their units. They do show typical instrument hardware for the function 
in question. The drawings do not follow strict engineering flow diagram practice, but 
instrument representation and designation are conventional. Table 11.1 summarizes the 
grammar of designation of instrument functions. 

Normal practice is to use a series of 2-4 letters to characterize each item. The first 
letter indicates the function under measurement or control. It is the function that matters, 
not the type of instrument. For example, differential pressure instruments are often used 
(with proper calibration) to measure the height of a level in a tank or the rate of flow of 
a material in a line. The designations used in these cases are L (level) and F (flow). The 
“succeeding letters” represent, in sequence: 

1. simple readouts or passive functions; 

2. output functions that actively influence the process. 

An example of a simple readout is a pressure gauge. Using the first and third columns of 
Table 11.1, this is a pressure indicator, PI. An example of a device with a passive function 
is a restricting orifice placed in a line to limit the flow of a fluid without controlling it 
precisely. This would be designated FO. The active elements in the fourth column include 
such things as transmitters. If the variable is temperature, we have a TT. An example of 
a combination device is one that indicates the level in a tank and also manipulates other 
hardware to control that level—an LIC. The sequence of the letters follows the table. A 
control valve responding to a generated signal is designated by the single letter V. Self- 
actuated control valves bear the letters CV. Most control valves in the process industries 
will be equipped with positioners that receive control signals and then pneumatically 
apply the force necessary to drive the valve to the proper position. They improve response 
and control action. The standard followed here allows valve positioners to be included 
on the drawing or their presence to be assumed, with a signal shown as going directly to 
the valve. Here, we choose the latter, simpler option. 

Finally, Table 11.1 allows the use of letters to modify those covered above. When a 
differential-pressure cell is used as such to measure and record the difference in pressure 
between two points, we modify the first letter and have a PDR. If the flow of one stream 
is to be held in constant ratio to that of a second while the value of the ratio is displayed, 
we have an FFIC. 

Modifiers are also attached as required to succeeding letters. Alarms, for example, 
usually indicate that the value of a process variable is either too high or too low. The 
letters H and L modify “alarm” accordingly. Thus, a low-level alarm is an LAL. A switch 
that causes some action to be taken when a level is too high is an LSH. As in the case 
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TABLE 11.1. Instrument Identification Letters 



First letter 



Succeeding letters 



Measured or 


Readout or passive 

Output 



initiating variable 

Modifier 

function 

function 

Modifier 

A 

Analysis 


Alarm 



B 

Burner, combustion 





C 




Control 


D 


Differential 




E 

Voltage 


Sensor or primary 
element 



F 

Row rate 

Ratio 




G 



Glass, viewing 
device 



H 

Hand 




High 

I 

Current (Electrical) 


Indicate 



J 

Power 

Scan 




K 

Time, time schedule 

Time rate 
of change 


Control station 


L 

Level 


Light 


Low 

M 


Momentary 



Middle 

Intermediate 

N 






O 



Orifice, restriction 



P 

Pressure, vacuum 


Point (test) 
connection 



Q 

Quantity 

Integrate, 

totalize 




R 

Radiation 


Record 



S 

Speed, frequency 

Safety 


Switch 


T 

Temperature 



Transmit 


U 

Multivariable 


Multifunction 

Multifunction 

Multifunction 

V 

Vibration, 

mechanical, analysis 



Valve, damper, louver 


w 

Weight, force 


Well 



X 

Unclassified 

X-axis 

Unclassified 

Unclassified 

Unclassified 

Y 

Event, state or 

Y-axis 


Relay, compute. 



presence 



convert 


Z 

Position, dimension 

Z-axis 


Drive, actuator, 
unclassified final 
control element 



Source: ISA-S5.1 [1]. 


of the first letter, these designations apply to the state of the process. The LSH may well 
be activated by a low rather than a high signal. 


77.7.2. Design Coordination 

To achieve an efficient design, it is important that the control systems engineer work 
closely with the process engineer. Control systems engineers bring a different perspective 
with their concern for the dynamic responses of a process. They can contribute to the 
design by ensuring that control valves have adequate pressure drop for proper control. 
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reviewing the selection and size of equipment used for control, and ensuring that the 
process design does not result in overly complex control systems. 

If the process engineer and the control systems engineer work together to satisfy 
the needs of both parties, the resulting plant design will benefit. The designs that appear 
here have had the benefit of such collaboration. 


11.1.3. Control System Selection 

For this basic discussion, we divide control systems into analog controls, safety systems, 
uninterruptible power supplies, and other digital systems. 

The chlorine manufacturing process is primarily a collection of continuous oper¬ 
ations suited to analog control. A standard distributed control system (DCS) is ideally 
suited to this type of process. Most DCS control software can also handle discrete logic 
and structured text requirements to provide all the control power necessary for any 
strategy. In a large plant, there should be no fewer than two operator stations, with two 
screens available to each station. In addition, there should be a separate ‘‘engineering” 
station for handling programming changes. 

Certain critical safety functions require systems more reliable than a DCS, and they 
must be handled separately. These functions are associated, for example, with rectifiers, 
hydrogen compressors, and brine purging of membrane cells. In the past, redundant 
programmable logic controllers (PLCs) often provided the necessary reliability, but 
newer systems with the robustness of a standard PLC also have internal redundant logic 
and input checking and may also have redundant outputs. 

It is standard practice to have the DCS and safety systems powered by an uninter¬ 
ruptible power source (UPS). Whenever the normal power supply fails, the UPS will 
immediately switch to its batteries, which can keep the systems powered until backup 
power can be applied or the process shut down. The UPS should be able to operate the 
control systems for at least 20 min. 

A separate source may be needed to power some process pumps in the case of a 
general power failure. This will require a very large UPS, and so its need should be 
reviewed carefully. 

Most chlor-alkali plants include a considerable number of packaged units with their 
own digital control systems. Most of these systems will need some interfacing with either 
the plant DCS or the safety system. Some plants will also decide to incorporate all the 
control functions into the DCS. It is imperative that a control specialist be involved 
with the individual package unit specifications to ensure that the required interfaces are 
completely defined and properly installed. 


11.2. BRINE SYSTEMS 
11.2.1. Modes of Control 

Individual sections of the brine plant may be interconnected by level, pressure, or flow 
controllers. Some unit operations function better if they are fed by flow or pressure 
control systems. Whenever this is the case, a storage tank with a floating level can 
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eliminate the problem of simultaneous control of inventories on both sides of the point 
of control. A level control system to recycle brine to the tank feeding the unit, used in 
conjunction with total feed flow control, is another option. The various choices for each 
unit operation are discussed below. 


7 7.2.2. Membrane-Cell Brine Systems 

Membrane cells are used with both sodium and potassium brines. There is essentially no 
difference in the manufacturing process, except that KCl, with its steeper solubility curve 
(Fig. 7.18), tends to salt out more easily than NaCl. Raw KCl brine may also be higher 
in purity, thus requiring some differences in the treatment and filtering operations. The 
following discussions will be based on the use of solid NaCl as the principal feedstock. 

77.2.2.7. Brine Saturation Systems 

11.2.2.1 A. Operation of Saturators. As shown in Fig. 11,1, neutralized depleted brine 
is fed to the saturator(s). The total rate of flow is regulated in the upstream equipment, 
and no automatic flow control can be applied in the saturation system itself. The feed 
brine should be at pH 8 or 9, but an upset in the neutralization system could allow the 
pH to drop well into the acidic range. Although Monel is the metal normally used for 
instruments in alkaline brine applications, Hastelloy C has the advantage of a greater 
resistance to attack by acids. 

In a plant with more than one saturator, individual flow meters should be installed in 
each feed line to permit manual balancing of the flows. Inserted paddle-type flow meters 
with local indicators would be suitable for this application. Some saturator designs 
(Section 12.2.2) allow salt to fall into the vessel by gravity from an attached hopper and 
therefore require no instrumentation. Other systems rely on periodic additions of salt to 
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FIGURE 11.1. Brine density control. 
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the saturator vessel. The latter technique has implications as to the purity of the brine. 
Sudden introduction of a relatively large quantity of fresh salt can produce a spike in 
the concentration of a rapidly soluble impurity. Magnesium is the notorious example, 
particularly when solar salt is the feedstock (Section 7.1.5.1). Still other systems require 
some level of monitoring and control of the salt feed. 

Insoluble matter collects in the bottom of the saturator and is frequently removed 
through a timed on-off valve. Air-actuated Monel knife valves are successful here, and 
it is possible that a pinch-style valve could be substituted. A master timer/sequencer 
determines when each valve is to open and close and prevents dumping of two saturators 
at the same time. A sight glass installed in the sludge line allows an observer to see when 
the stream becomes free of solids. The operators can then adjust the timers to minimize 
the loss of clean brine. If necessary, an air-operated sludge pump can be turned on 
whenever a dump valve is open. 

The saturated brine from the top of a saturator flows by gravity to a pump tank. The 
pump tank may be a standpipe that is small in diameter but as tall as the saturator itself. 
The brine leaving the bed of salt in the vessel is fully saturated and would deposit salt 
throughout the process as its temperature dropped. Heating the brine or mixing it with 
some of the depleted brine produces some undersaturation and prevents this deposition. In 
Fig, 11.1, depleted brine bypasses around the saturators to lower the concentration in the 
pump tank. The brine concentration can be measured with a temperature-compensated 
density meter, here shown installed in a small line that spills back to the pump tank, A 
vibrating-tube density meter with the brine flowing through the tube is very accurate and 
can be obtained in materials of construction compatible with the brine. An alternative is 
a Coriolis mass flow meter in which the built-in density measurement is selected as the 
primary output. These instruments are just as accurate and less expensive. The flow of 
sample through either instrument must be maintained to prevent its plugging with salt. 
One corrective measure is to drain the brine and flush the instrument with water if the 
sample flow stops. Regardless of the instrument used, the brine must be well mixed with 
the bypass stream. The best place for measurement usually is on the discharge side of 
the transfer pumps. 

Depending on the bypass flow rate and the minimum flow required, the control valve 
could be a small rubber-lined butterfly valve or an all polytetrafluoroethylene (PTFE)- 
lined globe valve. The sizing of this valve can be difficult, because there is very little 
pressure drop available. Butterfly valves should never be required to control at an open 
angle of less than 20°. 


11.2.2.IB. Inventory Control. The membrane-cell brine process loses water with the 
waste streams, by transport through the membranes into the cell catholyte, and through 
evaporation into the chlorine produced in the cells. Even with minimization of the waste 
streams, there is a constant need for makeup water. This can be added to the saturator 
feed or directly to the pump tank. The choice of the addition point will determine the size 
of the bypass flow required to maintain the brine density. Addition to the pump tank is 
feasible only when its dilution of the brine is not excessive. One method for controlling 
the makeup water flow is to measure the total brine volume continuously and add water 
to maintain the desired amount. This is easily done because there are usually only two or 
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three vessels with uncontrolled levels. Figure 11.2 illustrates this approach by showing 
level signals from three unspecified brine tanks whose levels vary in normal operation. 
After conversion of levels to volumes, from function generators based on calibration 
data or by multiplication by a tank’s cross-sectional area, addition of the signals gives 
the total volume. An integral-only controller provides the set point to a standard flow 
control loop regulating the makeup water. 


Depleted 

Brine 



Area 


FIGURE 11.2. Makeup water to brine system. 
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11.2.2.1C. Pump Tank Level Control. One way to control the level in the pump tank is to 
throttle the stream pumped to brine treatment (Fig. 11.3a) in order to match the incoming 
flow. This is the simplest approach, but it results in a variable flow through the treatment 
tanks and clarifier. Excessive variation would be detrimental to the effectiveness of the 
treatment process and the settling efficiency. An alternative (Fig. 11.3b) is to control a 
recycle stream from the clarifier pump tank. This would then allow the use of a flow 
control loop to feed brine to the treatment tanks. This provides constant flow at the 
expense of recycle of clean brine to the treatment tanks. Depending on the design basis 
chosen, the tanks and the clarifier may become larger. 

The control valve for the regulation of the brine flow to the treatment tanks, whether 
by level or by flow, can be a rubber-lined butterfly. The butterfly valve is ideally suited 
for this application. If a metal disc is used, it should be Monel, or by the argument made 
above, Hastelloy C. The recycle valve, if used, can also be a butterfly as long as the 
recycle flow is sufficient for the valve to be open at least 20°. A flush-type differential 
pressure (d/p) cell transmitter with wetted parts of Hastelloy C is an excellent choice for 
level measurement. 



FIGURE 11.3. Saturator pump tank level control, (a) Direct control of level and (b) Flow control with recycle. 















INSTRUMENTATION AND CONTROL SYSTEMS 


1097 


11.2.2,2. Brine Treatment Tanks and Clarifier 

11.2.2,2A. Brine Treatment Tanks. Figure 11.4 shows a typical arrangement with two 
treatment tanks. The brine pumped from the saturator pump tank in Fig. 11.3 flows 
through these tanks and the clarifier by gravity. The treating agents are Na 2 C 03 and 
NaOH, and measurement of the raw brine flow rate allows each of them to be added under 
flow ratio control. Each flow rate is referred to the incoming raw brine flow. The plant 
operators adjust the individual ratios, based on analysis of the excess treatment chemicals 
that remain in the treated brine. Low residual concentrations may allow impurities to 
break through the treatment process. High concentrations are wasteful and can upset 
downstream processes. 

In the drawing, the carbonate goes to the first tank and the hydroxide to the second. 
Section 7.5.2.2B discusses the various theories on the optimum sequence of addition of 
the reactants. Many plants also add a flocculating agent to the brine. Again, the point of 
addition varies from plant to plant. The low flow rate of this solution usually calls for 
addition by a metering pump. The speed or stroke of this pump may respond to flow rate 
(with proper damping), flow ratio, or a manual setting. 

Magnetic flow meters are the preferred choice for brine feed flow measurement. If 
the saturator pump tank level is controlled by throttling the brine to the treatment tanks, 
as in Fig. 11.3a, the measurement shown in Fig. 11.4 gives the net brine flow through 
the system. It is used to determine the quantities of the treatment chemicals to be added. 
If the tank level control is through the recycle of the clarified brine, as in Fig. 11.3b, 
measurement of the recycle flow as well as the feed flow allows calculation of the net 
feed by subtraction. The resultant value can then be used to control the rates of addition 
of the treatment chemicals. The brine flow signal in Fig. 11.4 does not reflect the latter 
approach. 
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FIGURE 11.4. Brine chemical treatment tanks. 
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11.2.2.2B. Clarifiers. Figure 11.5 shows the clarifier side of the operation. Removal 
of sludge from the bottom of the clarifier is similar to its removal from the saturators 
(Section 11.2.2.1 A). A timer determines when the pump is turned on and for how long 
it runs. The sight glass in the sludge line going to the pump gives proof that the slurry is 
moving freely. If the transfer line is flushed, the glass will also show how long it takes 
for the line to become clear. The operator adjusts the timer to the optimum settings. 

Brine from the top of the clarifier overflows by gravity to the clarifier pump tank, A 
turbidity meter in this line can monitor the solids content and provide an alarm in case 
of an upset in the clarifier operation. Again, operation and control are similar to those 
discussed in connection with brine saturation. The top of the tank should be at least as 
high as the top of the clarifier overflow system. This provides more brine storage capacity 
as well as time to correct a pump failure or other simple operating problems. The normal 
level in the pump tank is about 50%. Level control options are as in Fig. 11.3: 

1. direct control of the level 

2. flow control to filters with level control by recycle of the filtered brine 

Level control valves can be rubber-lined butterflies with Monel discs and shafts or 
completely lined butterflies. They must be sized carefully so that they can handle the 
maximum flow (including any recycle portion) as well as the minimum flow without 
having to throttle at less than 20% open. A flush diaphragm d/p cell level transmitter 
with Monel wetted parts is an excellent choice for this service. 

Other clarifier instrumentation, not shown here, includes controls for changing the 
rate of rotation of the rake assembly and the angle of the rakes on the arms. 


Brine Recycle 
from Filter 



Filters 


FIGURE 11.5. Brine clarifier and pump tank. 
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11.2.2.3. Brine Filters 

11.2.2.3A. Primary Filters. Figure 11.5 shows the transfer of clarified brine to the 
primary filters under some form of level control. Figure 11.6 assumes flow control 
through the filters, to avoid any upset in their operation, coupled with a return of the 
excess flow to maintain the level in the clarified brine pump tank. The individual filters 
work best with controlled feed flows. A magnetic flow meter is used on the inlet to each 
filter with a butterfly valve in the outlet line. The level in the clarifier pump tank, as 
described above, controls the two rubber-lined control valves on the brine leaving the 
filters. The fail-closed valve LV-2 recycles the brine, and the fail-open valve LV-1 sends 
it to the polishing filter feed tank. 

Flow measurement is by magnetic meters with ethylene-propylene-diene elastomer 
(EPDM) lining and Hastelloy C electrodes. The control valve can be a rubber-lined 
butterfly valve with a rubber-coated or Monel disc. 

The arguments made in Sections 7.5.4.1 and 7.5.4.2 for a recycle level control were 
based on the characteristics of the filters. We point out here that this approach also offers 
advantages in precommissioning and perhaps in the quality of the control. First, in the 
testing phase, the filter system can be operated without the rest of the brine system 
running. Second, the combined demands of variable pressure drop during the filter cycle 
along with changes in flow rate to maintain the level in the tank can go beyond the 
capability of a single butterfly valve. 


11.2.2.3B. Polishing Filters. Figure 11.7, showing the brine polishing filters, is quite 
similar to Figs. 11.3b and 11.6. The simple level control option does not appear here. 
Maintaining a constant flow is more important with vertical precoated elements than it 
is with the equipment discussed previously. Variations in flow can allow the cake to fall 
from the filter elements. 

In this system, the feed tank level instrument controls both the recycle valve and the 
valve that transfers the brine to the ion-exchange system. The particular system shown 
here has only two filters, with flow metering in the common outlet line. More complex 
systems would require some modification. Hardware requirements are much the same 
as those already given for the primary filter system. 



FIGURE 11.6. Primary brine filters. 
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FIGURE 11.7. Brine polishing filters. 


11.2.2.3C. Control System Interfaces. Figures 11.6 and 11.7 show that most operations 
require multiple filters. These systems, as well as the ion exchangers discussed below, 
operate in a cyclic manner, with each component periodically taken out of service for 
regeneration or redressing. Sequential controls are necessary in addition to the process 
line controls shown in this chapter. These are separate digital controls that are frequently 
supplied by the unit manufacturer in a PLC. 

The sequence and lengths of the various steps in a filter cycle, discussed in 
Sections 7.5.4.1 and 7.5.4.2, are usually controlled by a field-mounted control system 
such as a PLC with an operator interface. Normally, the filter manufacturer supplies all 
the controls, but the plant should maintain control of part of the operation for smoother 
overall process operation. Items suggested for direct plant supervision are: 

1. filter feed flow controllers; 

2. individual filter differential pressure monitoring; 

3. indication of time on line for each filter; 

4. indication of quantity of brine filtered; 

5. criterion for start of backwash. 

Set points for the aforementioned parameters and the assignment of out-of-service filters 
should also be from the main control system. The local filter control system manipulates 
a number of on-off valves that control the operation and such actions as backwashing 
the filters. Full information on the status of the system should also be available through 
the main control system. 

Hard wiring and direct digital communication are two ways to provide the interface 
between control systems. If the plant chooses direct digital interfacing, the packaged 
system software programming must be protected against improper access from the main 
control system. 

Another alternative, which some operating companies prefer, is for all control to 
be through the plant’s DCS. 
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11.2.2.4, Ion Exchange and Pure Brine Handling 

11.2.2.4A. Ion-Exchange System Feed. Figure 11.8 shows the ion-exchange feed 
system. In it, the filtered brine storage/ion-exchange feed tank is also used as the source 
of backwash fluid for brine filters. The quantity involved in this operation is significant, 
and sizing of the tank should include about two backwash volumes. 

The level in the tank is measured by a flush-mounted d/p cell with wetted parts of 
Monel. As one of the hold tanks with variable volume, the feed tank may also send a 
signal to the summation system of Fig. 11.2. 

Unsupervised use of level control on the forward discharge from the tank would 
allow the rate of flow through the ion exchangers to vary. The sudden drop in the level 
after withdrawing brine to backwash a filter would cause a sudden reduction in flow, 
followed by a gradual increase as the level recovered. In Fig. 11.8, however, the flow 
rate forward from the exchangers is measured and transmitted to a selector switch that 
can override the ion-exchange feed tank level controller to maintain a minimum flow. 
As the level drops during the backwash of a filter and the controller attempts to close the 
valve and reduce the flow rate, the minimum flow controller takes over. After backwash, 
the difference between the rate of flow from the filters and the forward flow from the 
tank gradually refills the tank. When the level approaches the normal set point, the level 
controller takes over and begins to increase the flow to ion exchange. More sophist¬ 
icated controllers can also communicate with the filter control system and apply logic 
to anticipate changes in status and smooth out the operation even more. The pumping 
system must also be adequate to handle all the demands. It usually involves multiple 
pumps. 


To Variable 

Volume Minimum Flow 



FIGURE 11.8. Ion-exchange feed tank level control. 
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If there are separate facilities to handle the backwash, the system described here 
becomes more straightforward. The complications of handling periodic large transfers 
then belong to the other system. 


11.2.2.4B. Ion-Exchange System. There should be a hardness analyzer (range 0-50 ppb 
as Ca) in the ion-exchange system. This analyzer is connected through automatic 
sampling valves to the brine leaving each column. These valves are manipulated by 
the local sequence control system so that the analyzer is always monitoring the outlet 
of the first operating column. This provides early warning of depletion of that column. 
Any hardness that breaks through the first column is removed in the second column (if 
a second column is on line; see Section 7.5.5.3C). 

Most ion-exchange systems are provided with PLC control. This should be partly 
integrated into the main plant control system. Section 11.2.2.3C already discussed this 
issue in connection with filter systems. The considerations here are essentially the same. 

The skid, as supplied, usually includes small storage tanks for regeneration chem¬ 
icals. They are prepared from membrane-cell product caustic, which is very pure, 
and from a refined source of HCl. Frequently, the HCl is the product of an on-site 
burner. Section 7.5.5.3D discusses various methods for the preparation and delivery of 
regeneration chemical solutions. Each method has its own control requirements. 

Regeneration of exchange resin produces large amounts of waste solution. The 
simplest disposal procedure includes collection of the various streams in a large hold 
tank. This allows self-neutralization of the waste as caustic effluent follows the acid 
from an earlier step. The combined effluent from an entire regeneration sequence will be 
acidic. In any case, batch wise neutralization with acid or caustic is a simple procedure. 
Because of the quantities involved, some plants have systems in place to recover some 
of the regeneration waste. Sections 7.5.5.2B and 16.5.2.4 discuss this aspect. 


11.2.2.4C. Pure Brine Storage. The pure brine tank (Fig, 11.9) is a large vessel intended 
for the storage of brine to be fed to the cells. It can also be used to flush the cells upon 
failure of the rectifiers if there is no separate head tank for that purpose. This feature 
does not appear in the drawing. 

It is good practice to install another automatic hardness analyzer in the brine stream 
from the ion exchangers. These are complex analyzers that need experienced personnel 
to keep them functioning. Capital and operating costs are quite high, but analyzers have 
helped to prevent serious damage to membranes. The automatic analyzers should be 
looked upon as aids to operation and not as substitutes for proper laboratory equipment 
and the occasional precise measurement. 

There is no control of the level in the tank of Fig. 11.9. Measurement is still desirable, 
and a flush-mounted d/p cell is the usual choice. Since this is a floating-level tank, the 
level signal can connect to the optional system of Fig. 11.2. 

Another aspect of Fig. 11.9 is the acidification of the brine before storage. This is 
compatible with two-stage acidification before the cells. Sections 7.5.6.1 and 13.8.2.3 
describe the advantages of this approach. The system shown relies on feedback pH 
control, with acid blended into the brine in an in-line mixer placed before the control 
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FIGURE 11.9. Pure brine storage tank. 


element. The HCl valve should be a fully FTTE-lined globe valve with equal percentage 
trim and PTFE bellows. 

Figure 11.10 illustrates some of the characteristics of the recommended adaptive 
gain pH control system. The set point and the programmed controller response depend 
on the titration curve of the brine. As explained in Section 7.5.6, one objective of this 
preliminary acidification is the decomposition of the carbonate value in the treated brine. 
This takes place in two stages: 

CO^- + H+ ^ HCO 3 

HCOj^ + H+ H2CO3 H2O + CO2 


Both reactions cause inflections in a titration curve, as shown in the top part of Fig. 11.10, 
but the second reaction is the important one here. Its pK^ is about 6.37. At typical brine 
temperatures, the equivalence point is at a pH of about 5.5. Lower values are necessary 
to ensure complete decomposition. As the pH moves away from the equivalence point, 
the slope of the titration curve increases, and control becomes more difficult. 

Movement along the titration curve from right to left represents the addition of acid 
to the brine. The fact that reaction occurs is responsible for the flattening of the curve. 
After enough acid has been added to complete the conversion of bicarbonate, the pH 
drops rapidly, and it becomes more difficult to control the process. The slope of the 
curve at any point is defined as the gain. Note that the calculated gain at any pH would 
not be affected by reversing the plot and more conventionally following the course of 
the titration from left to right. A second plot in Fig. 11.10 shows the measured gain as 
a function of pH. The third plot shows the inverse gain, defined as the reciprocal of the 
gain itself. Normalizing the inverse gain against its largest value provides a scale for 
the ordinate of the plot. This function is built into the controller as a multiplier for the 
primary output, as shown in the bottom part of Fig. 11.10. 
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FIGURE 11.10. Adaptive gain control system. 


1 L2.2.4D. Brine Feed to Cell Room. Brine feed to the cell room can be by pump, by 
pressurized transfer from a tank at grade, or from a head tank. The discussion of Fig. 11.9 
assumed the first of these, but the choice does not affect the control arrangement shown 
in Fig. 11.11. A head tank, or other secure system, should contain enough brine to purge 
the cells if the rectifiers shut down. In large cell rooms, this volume becomes quite large 
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FIGURE ll.il. Electrolyzer brine feed control. 


and would require a massive structure for its support. It is this aspect that can make the 
use of a pressurized tank attractive. Pumped brine, the other option, would require a very 
large UPS to power the feed pump during a general power failure. 

The brine sent to the cell room is heated with low-pressure steam in a heat exchanger. 
The temperature is measured with a resistance temperature device (RTD) transmitter 
with a tantalum-sheathed flanged thermowell. The control valve is usually a fail-closed 
globe valve with a equal percentage characteristic. This valve should be interlocked to 
shut off the steam if there is no brine flow. Many plants first interchange the brine with 
recirculating caustic in order to conserve energy. Section 9.3.2.4 discusses this technique 
and considers the changes in interchanger duty as the cell room operating load varies. 
Brine instrument hardware for the interchanger is the same as for the heater. 

A PTFE-lined magnetic flow meter measures the brine feed to the cell room. In a 
plant with a ratio-controlled anolyte recycle, this flow rate also can furnish the primary 
flow signal. The recycle anolyte stream returns to the brine feed header downstream of 
the pressure control valve. A PTFE-lined magnetic flow meter with platinum electrodes 
measures its flow. The control valve downstream of the flow meter should be a butterfly 
valve fully lined with PTFE. This valve should close upon rectifier failure. 
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An in-line pH control system is installed when the brine is to be acidified. HCl is 
added upstream of an inline mixer, with measurement downstream of the mixer. This 
is a simple case of pH control, the end point being fairly low. The process gain is 
also low in this case, and control is easier than in the first stage of the pH adjustment, 
described in the previous section. The acid valve should be a fail-closed globe valve of 
equal percentage characteristic with full PTFE lining and PTFE bellows. An interlock 
should close the acid feed valve whenever there is no brine flow or no current on the 
cells. 

Manually operated valves with local indicators control the flow of brine to individual 
electrolyzers. All the electrolyzers in the circuit are fed from a common header that 
is maintained at a specified pressure. This approach reduces the interaction between 
electrolyzer feed rates when any one is adjusted. Total cell room flow can be changed by 
changing the header pressure. The pressure is measured by a transmitter with a capillary 
and diaphragm seal. Wetted parts should be tantalum or PTFE. The range is usually 
0-200 kPa. The control valve, located upstream of the pressure measurement, should be 
a fully lined fail-open butterfly valve. 

Figure 11.11 and the discussion above assume the use of monopolar electrolyzers. 
The cost and complexity of outfitting a large plant with the instrumentation necessary for 
individual cell control rule out that approach. Where there are fewer electrolyzers, as in 
bipolar cell rooms, there are fewer control points. The use of more automation becomes 
practicable. Brine flow control at each electrolyzer, for example, may become automatic. 
The flow can be set directly by the operators or respond to electrolyzer current. Similarly, 
pH control can be by individual controllers on each electrolyzer. Section 7.5.6,1 discusses 
the merits of various approaches. Anolyte outlet pH can be controlled, typical set points 
being 2.3-3.0. Adaptive gain control (Section 11.2.2.4C) is useful here. 

A final consideration in the brine feed system is the need to purge the cells whenever 
the power supply fails or is accidentally or deliberately withdrawn. Section 13.8.3.1 
discusses the need to remove acidic chlorinated brine from the cells and the factors that 
determine the volume required to flush the cells adequately. Given a source of brine to 
do this. Fig. 11.12 shows a protective system. Removal of power activates a flush timer. 
This, in turn, de-energizes a solenoid and opens a valve to deliver brine to the cells even 
when the normal feed system also has failed. The brine flushing rate is substantially the 
same as the normal feed rate. The brine feed control system therefore does not need 
resetting. After a set interval, the purge stops. The flush timer controls this interval. If 
the rectifiers restart before the flush timer reaches its setting, the timer stops but retains 
the last value. The reset timer then starts. If the rectifiers trip again before the reset 
device times out, the flush timer continues from where it stopped. The reset timer is reset 
whenever the rectifiers trip. 

When power is removed from an operating cell, the spontaneous reverse reaction 
can occur (the “battery effect”). There will be a reverse current until the circuit is broken 
or the cells discharge. This can damage the cells. Cathode coatings are generally the 
most sensitive components. Besides flushing the anolyte chambers with clean brine, 
protective measures include polarizing the cells to oppose the reverse current. Many 
membrane-cell plants now include low-capacity rectifiers for this purpose. As implied 
above, these are more common in plants with coated cathodes. Some plants rely on a 
UPS for power to the polarizing rectifier(s). 
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11,2.2.5, Collection and Handling of Depleted Brine 

11.2.2.5A. Depleted Brine Collection. A depleted brine receiver (or anolyte tank) col¬ 
lects overflowing brine from the electrolyzers (Fig. 11.13). Addition of HCl releases the 
chlorine dissolved in the brine. By way of the depleted brine header, this vessel also 
receives the flushing brine when the rectifiers trip. Space constraints may prevent the 
use of a tank with enough freeboard to accept all the flushing brine. This situation is 
addressed in Section 11.2.2.5E. 

It would be desirable to add the acid and measure the pH in the piping between the 
cell room and the depleted brine receiver. However, the header should be designed to be 
self-venting, and even a horizontal section before the receiver may not run full of liquid. 
One alternative is to design the tank with a small baffled section for pH control. 

There are three destinations for the depleted brine: the brine feed header, the chlorate 
destruction reactor, and the brine dechlorinator. The last of these is the main process flow. 

The PTFE-lined level control valve is in the line to the dechlorinator. When dechlor¬ 
ination is assisted by vacuum, the valve is at a low elevation in order to prevent flashing 
before the valve. Flashing occurs in the riser to the top of the column, and the piping 
must be designed accordingly. 

The level transmitter at the depleted brine receiver should be a double-filled d/p cell 
with tantalum diaphragms. 


11.2.2.5B. Chlorate Decomposition. Chlorate decomposition is the subject of 
Section 7.5.9.4. The decomposition reactor can take any one of many forms, as long 
as it provides sufficient time for the reaction. Ideally, the reacted brine should then 
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return to the depleted brine receiver (anolyte tank) so that its high concentration of acid 
can help to release chlorine from the main brine stream and reduce the amount of fresh 
acid needed for dechlorination (Section 1 L2.2.5C). Figure 11.14 shows a typical brine 
conditioning system. The brine from the chlorate reactor must be thoroughly mixed with 
the main depleted brine stream and the acid before pH measurement. A poor choice of 
location for this measurement may cause oscillations in the pH. A conventional flow 
control loop is used, with a PTFE-lined magnetic flow meter downstream of a fully lined 
control valve. The valve can be butterfly or globe, depending on its size. The signal to 
this valve should be interlocked with the level control signal from the depleted brine 












INSTRUMENTATION AND CONTROL SYSTEMS 


1109 


receiver. When the depleted brine level control valve is closed, the chlorate reactor feed 
valve is also forced closed. 

Only a small portion of the depleted brine (say, 10%) goes to the chlorate reactor, 
and even this might operate only part-time. Section 7.5.9.4 pointed out that more careful 
and more nearly continuous operation of the reactor can reduce the amount of byproduct 
CIO 2 formation. 

Low-pressure steam is the source of heat for the brine entering the reactor. The tem¬ 
perature transmitter is an RTD-type sensor in a tantalum-sheathed flanged thermowell. 
The drawing shows a steam exchanger on a pumped feed line. The brine flow control 
valve is globe-style and fails closed. Section 7.5.9.4 described the use of a steam eductor 
as the feed mechanism. This eliminates the need for the heat exchanger. The eductor 
itself can be titanium or PTFE-lined. 

If the chlorate reactor is a vessel, a level control loop is necessary. The transmitter 
should be of the flush-diaphragm type with wetted parts of tantalum. The control valve, 
located in the pump discharge piping, should be fully lined with PTFE. The size of the 
system will determine the type of valve to be used. 

H.2.2.5C. Vacuum Dechlorination. Section 7.5.9.2 discussed three approaches to 
dechlorination. Open steam stripping applies primarily to waste water rather than brine 
and therefore appears more commonly in diaphragm-cell plants. Air stripping, while 
applied on scales up to lOOtpd of chlorine, is normally associated with small plants. 
Figure 11.15 assumes the use of vacuum dechlorination. Acidified dechlorinated brine 
is fed to a packed stripping column, shown here as mounted on a receiver. 

A water-sealed corrosion-proof vacuum pump piped to the top of the dechlorination 
column produces a vacuum of 65-70 kPa. The pressure transmitter, with a remote tan¬ 
talum diaphragm seal, should have a full vacuum range to lOOkPa(g). In this example, 
control is through the bleeding of atmospheric air into the vacuum line. Because of 
its proximity to the wet chlorine vapor, the control valve is fully lined with PTFE. 
Section 12.6.3 discusses other approaches to vacuum control and notes that loading 
with air may not be the best approach, particularly in a membrane-cell plant with 
chlorine liquefaction. While it is an efficient method of control and adds little to the 
cost or the cooling load, it reduces the efficiency of liquefaction at any given set of 
conditions. 

Level control is critical because an unsteady level will result in varying discharge 
flow, which directly affects the brine neutralization control loop. The level transmit¬ 
ter should be a dual remote d/p cell with wetted parts of tantalum. The control valve 
should be a fully PTFE-lined butterfly valve in the pump discharge line. If powered by 
a UPS, this pump can be a source of flushing brine during a total power outage. The 
dechlorinated brine receiver may be elevated in order to provide more suction head to 
the discharge pump. 


11.2.2.5D. Dechlorinated Brine Discharge System. This is the most difficult control 
loop in the brine system. Neutralization takes place in a static mixer. Caustic enters 
through an injector nozzle upstream of the mixer, and pH is measured close downstream. 
The starting pH of the brine is normally less than 2.0, and the end-point is between 8.0 
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FIGURE 11.15. Brine vacuum dechlorinator. 


and 9.0. Titration of typical brines shows that the amount of caustic required for a pH 
change of 0.1 at a set point of 8.5 is about 1/140 of the total needed. No single valve can 
control this with precision. 

Figure 11.16 therefore shows two control valves. The first, larger valve depends 
on a “gap action” control arrangement. With the input signal between chosen limits, 
the controller of the large valve freezes its position. When the input goes outside those 
limits, the valve is free to move in the appropriate direction. The second valve has 
about 10% of the capacity of the first. It is driven by an adaptive gain controller (as 
in Section 11.2.2.4C) and is able to make small corrections in the caustic flow. Tuning 
of the pH controller follows normal practice. The gap action controller must have low 
gain and a high reset time so that its control action is slow. In the manual operation, the 
system should force the pH controller to 50% output. The manual output then controls 
the large valve. 

After neutralization, a reducing agent is added to destroy the free chlorine not 
removed in the primary dechlorination step. Section 7.5.9.3A discusses this process and 
the various reducing agents that might be used. The drawing shows control through a con¬ 
ventional cascade arrangement. The control signal is based on the oxidation-reduction 
potential of the treated solution. 
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FIGURE 11.16. Dechlorinated brine neutralization and reducing agent addition. 


11.2.2.5E. Dechlorinated Brine Surge Tank. If the depleted brine receiver cannot hold 
the volume required to flush the cells during the rectifier shutdown, a surge tank of 
sufficient volume is necessary (Fig. 11.17). The brine collected in this tank can be 
returned to the brine system at a controlled rate. The same tank can receive brine diverted 
from the process for other reasons. The diversion system shown here consists of a pair 
of on-off valves, one in the brine line after the neutralization system and the other in the 
line to the dechlorinated brine hold tank. Dechlorinated brine can be diverted into this 
tank manually or automatically. Reasons for automatic diversion include power failure 
and insufficient dechlorination. 

The level transmitter should be a flush-diaphragm d/p cell with wetted parts of 
Hastelloy C. This is one of the vessels in the optional variable volume system (Fig. 11.2). 


11,2.2.6, Electrolyzer Area Controls. The major control function on the brine line in the 
electrolyzer area is the regulation of its flow rate to individual cells. Figure 11.11 shows 
a number of electrolyzers attached to a brine feed header with individual flow indication. 
On the header is a pressure controller. With the regulating valves on the individual feed 
lines set, the header pressure fixes the total brine flow. Changing the set pressure will 
then change the flow of brine through the cell room. Good distribution of the flow among 
the electrolyzers depends in part on the pressure loss in the header being well less than 
that in each electrolyzer plus its feed line. 

The system described effectively has two flow controllers in series for each elec¬ 
trolyzer. This would be unworkable if the flows were nearly equal. Considering first 
a large monopolar cell room, however, there are many branches in parallel, and flow 
through each branch is a small fraction of the flow through the header. Adjusting the 
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FIGURE 11.17, Dechlorinated brine surge tank. 


flow rate to an individual cell by way of its manual control valve causes little disturbance 
to the other cells. Bipolar electrolyzers may contain many cells, and an even distribution 
within an electrolyzer depends on internal hardware design (Chapter 5). In a bipolar cell 
room with few electrolyzers or in a small monopolar cell room, adjustment of the flow 
in one branch off the header can begin to have a significant effect on the flows through 
the other branches. In these cases, designers may choose to have more than one primary 
flow controller. 

Flows to individual electrolyzers can be adjusted by manual valves accompanied 
by flow indicators, and the total flow can be regulated by the brine feed header pressure 
controller. The latter is the first step in making global changes as, for example, when 
changing brine flow to suit a change in the cell room current. Because the individual flow 
meter/electrolyzer combinations have different nonlinearities, this change may have to 
be followed by trim adjustments to some of the branches. 

Other control functions on the feed header include temperature and pH. The tem¬ 
perature control loop shown is quite straightforward. However, the cell temperature (or 
depleted brine temperature) is more important than the feed temperature. Therefore, the 
control setting must be manipulated to give the desired end result (Section 13.10.6.5). 
This can be done manually or by feedback of some average outlet temperature or the 
cell operating load. 

The pH adjustment shown here is the second of two stages. It is not an essential part 
of a plant’s control scheme. It is an option that allows the pH to be kept low in order to 
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reduce the formation of oxygen and hypochlorite in the cells (Section 7.5.6.1). One reason 
for the two-step approach is to allow degassing of the CO 2 formed by decomposition of 
carbonate outside the cell area. Reducing the pH in one step from the value held in the 
brine treatment area down to the low values necessary for oxygen control would release 
CO 2 in the feed line and interfere with flow patterns in the feed lines and in the cells. 


11.3. CHLORINE SYSTEMS 
11.3.1. Background 

Chlorine gas from the cells is saturated with water vapor at 80-95°C. It may contain traces 
of other gases such as hydrogen, oxygen, nitrogen, and carbon dioxide. The hydrogen 
concentration in the cell room chlorine is usually low and well below the explosive limits 
but can increase rapidly to dangerous levels (Section 9.1.11.1). There have been some 
violent cell room explosions in the past, and small explosions that ruptured the tops of 
mercury cells were at one time frequent occurrences. Thus, it is prudent to make frequent 
analyses of the chlorine gas. 

Dry chlorine is very easy to handle, to compress, and even to liquefy, while wet 
chlorine is very corrosive. The processing of chlorine, as pointed out in Section 9.1.1, is 
the conversion of wet corrosive chlorine gas into a dry noncorrosive gas or liquid. 


11.3.2. Operating Systems 

The handling and processing of chlorine are nearly identical for the three different types 
of cell. Important differences are in the cell room header pressure control and the amounts 
of hydrogen and oxygen contained in the gas. Pressure control requires special attention 
because it is necessary to maintain a constant differential between the hydrogen and 
chlorine gas headers that is a small fraction of the (absolute) operating pressure. 

1. Membrane process. Cell room pressure control is probably easiest in the mem¬ 
brane process when operated near atmospheric pressure, because it allows the greatest 
pressure difference between the two headers. However, operating pressures have been 
rising with advances in cell design, while the specified differential pressure has remained 
essentially the same. This makes good differential pressure control more difficult. With a 
measurement range from atmospheric to an operating pressure of 35 kPa(g), for example, 
a transmitter would not be sensitive enough to control the header pressure with suffi¬ 
cient accuracy. The operation of membrane cells above this pressure, therefore, requires 
special control systems in order to meet the specifications for differential pressure. The 
narrowest span that can be calibrated into a pressure transmitter is about 2.5 kPa, or 
250 mm water column (w.c.). This narrow range is needed so that each header pressure 
can be controlled within about 5 mm w.c. The differential pressure then can be controlled 
within 10 mm. With a span of 250 mm w.c,, the pressure transmitter range would have to 
be elevated by about 3.3 m w.c., which means that the instruments would give no reading 
until the pressure in the headers approached that point. Section 11.3.2.1A discusses the 
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use of dual pressure transmitters, one to allow measurement over the full range and one 
to provide accurate control at the operating point. 

There may be more oxygen in membrane cell chlorine than in the gas from the 
other processes. This can be a problem if the compressed chlorine is fed directly to 
chlorination processes. An offsetting advantage is that there is essentially no hydrogen 
in the chlorine gas. 

2. Mercury process. Pressure control is a bit more difficult than in the low-pressure 
membrane-cell process but not very much different. The chlorine gas usually is very low 
in oxygen and hydrogen content, unless a problem in brine treatment allows some metal 
contaminant to produce unsafe quantities of hydrogen in the chlorine. The presence of 
hydrogen is most frequently a problem with mercury cells. 

3. Diaphragm process. Control of the cell room pressures is most difficult with 
this system, because the chlorine and hydrogen pressures are so close to atmospheric 
and to each other. Both hydrogen and oxygen are present in the chlorine, but the use of 
modified and synthetic diaphragms has greatly reduced their concentrations. 


11.3.2.1. Cell Room 

11.3.2.1 A. Chlorine Header Pressure Control. As pointed out above, chlorine header 
pressure control can be one of the most difficult control tasks, because the pressure is 
being controlled within a few millimeters of water column and the latitude for error is 
small. Each chlorine production method has its own control range and limits, but the 
control method is the same. The strategy, as shown in Fig. 11.18, is simple. The control 
valve should be a fail-closed butterfly type with a conventional disc and a positioner. 
Preferably, it should be located after the dry demister downstream of the drying columns 
(Section 9.1,5). In this location, the wetted parts of the valve can be Monel. This strategy 



FIGURE 11.18. Chlorine header pressure control (low pressure). 
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requires the cooling and drying train to be designed to handle the additional pressure drop 
(up to 15 kPa) across the control valve. In the wet chlorine train, the valve would be larger 
and either be fabricated from titanium or have a PTFE-covered disc and body. Reducers 
between the piping and the valve must be eccentric and flat on the bottom to avoid 
trapping of condensate. The sizing of the butterfly must be done properly, considering 
the maximum and minimum flows and associated pressure drops. As with other butterfly 
applications discussed in this chapter, the designer must ensure that at no time will the 
butterfly valve be required to control at less than 20° open, where its action becomes 
unstable. 

The transmitter can be a standard differential pressure (d/p) cell with corrosion-proof 
flanges or a flush-diaphragm type. Diaphragms should be tantalum. The transmitter is 
mounted above the chlorine header where it leaves the cell room, with the mounting 
arrangement and piping freely draining back into the header. The operating range of 
the chlorine pressure transmitter for nominally atmospheric operation might typically 
be —75mm to -|-75mm w.c. The use of slightly negative set points has been common 
practice. Section 11.4.2.1 discusses the pros and cons of this issue in particular regard 
to the hydrogen header. More recently, some membrane-cell plants have been designed 
to operate at 1.2-1.6 m w.c. (or even more), with set points of 1.4 or 1.5 m w.c. 

The cell room header pressure controller is direct-acting with proportional and 
integral control modes. 

Operation of the cells at even higher pressure, say 3.4-3.5 m w.c., may require dual 
transmitters to allow accurate control of header differential pressure. It also requires the 
proper startup strategy to bring the cell pressures to their normal operating values in a 
controlled manner. In Fig. 11.19, the wider range transmitter and controller (PT- and 
PIC-01), with a range down to zero, bring the operating pressure up to the desired level. 
Signals from the two controllers pass to a selector (PY-01) so that they can operate the one 
control valve. The wide-range controller should be set from a remote output station. With 
this arrangement, the operator can increase the pressures on both the chlorine and the 
hydrogen header at the same time, maintaining nearly the correct differential and taking 
particular care not to let the pressure differential reverse. Increases in the set points 
continue until the narrow-range controllers take over, close to the final pressure. The 
control system response charts of Fig. 11.20 show how the pressure increases gradually 
with the set point until reaching the operating level, where the control switches from PIC- 
01 to PIC-02. The ideal result is a bumpless signal to the valve, as in the bottom chart. 

Since the differential pressure between the two gas headers is so important, neither 
gas should be considered independently of the other. This discussion, therefore, is 
incomplete without reading Section 11.4.2.1 on the hydrogen header. 


11.3.2. IB. Chlorine Header Safety Systems. Low-pressure chlorine headers are 
protected from over- and under-pressures by the use of water-filled seal pots. A typ¬ 
ical seal pot relieves at about ±50 mm w.c. Some membrane-cell systems operate at 
pressures too high for effective use of a water seal and must depend upon weighted discs 
or an automated relieving system. 

Membrane cell room chlorine headers are usually purged with air whenever there 
is a rectifier shutdown. The purging has two functions, removing chlorine gas from the 
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FIGURE 11.19. Chlorine header pressure control (high pressure). 


header and preventing vacuum due to condensation of the water vapor. The air is purged 
at a constant rate for a defined period of time set on a timer. The air purge enters at the 
end of the header and purges through the seal pot. 

The whole chlorine processing train can be upset if air enters the system through 
a vacuum break. If the pressure in the chlorine header is close to the point where the 
vacuum seal opens, the chlorine compressor should be shut down. This will prevent air 
from being drawn into the whole chlorine handling system. 


11.3.2.1C. Local Measurements. Local measurements of wet chlorine gas pressures 
below 10 or 15kPa can be made with U-tube manometers filled with water. Process 
connections should minimize the collection of condensate in the manometers. A simple 
but not foolproof technique is to make a connection in the upper half of the header and 
force the tubing to rise for some distance before descending to the manometer. 

Bellows-type pressure gauges with 50-mm flanged diaphragm seals are useful 
between 15 and 100 kPa. The diaphragms should be of PTFE in order to provide suf¬ 
ficient flexibility for displacement of the halocarbon oil that fills the bellows pressure 
element. Bourdon-tube gauges with 25-mm flanged tantalum diaphragm seals, again 
filled with halocarbon oil, are suitable for higher pressures. 
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PIC-01 Set Point 



FIGURE 11.20. Chlorine pressure control system response charts. 


Local measurements of wet chlorine temperature use tantalum-sheathed flanged 
thermowells with bimetallic dial thermometers. The insertion length should be selec¬ 
ted to place the tip about one third of the diameter into the piping or into an 
elbow. 

A resistance element in a flanged thermowell with a tantalum sheath measures the 
chlorine temperature as the header leaves the cell room. The sensing element is connected 
to a temperature transmitter. A typical range is 0-150°C. 

77.5.2.2. Chlorine Cooling. In Fig. 11.21, wet gas from the cell room is cooled 
to condense most of its water vapor. This usually takes place in two separate heat 
exchangers (Section 9.1.3). The cooling water exchanger usually runs uncontrolled, but 
the temperature of the gas leaving the second cooler is controlled to avoid the problems 
associated with temperatures that are too low (Section 9.1.3.5A). 

Chilled water is the common utility on the second chlorine cooler. It enters the 
exchanger through a fail-closed globe valve. The chlorine temperature is measured at 
the outlet by a tantalum-sheathed flanged thermowell connected to a transmitter. The 
temperature is typically controlled at 15°C with alarms at about 18°C and 13^C. 
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Chapter 9 also discusses the case where the cooling water temperature seasonally 
becomes too low. It then may be necessary to add temperature control or a temperature- 
limitation system to the first cooler (Fig. 9.12). Instrumentation considerations are the 
same as those given above. 


77.5.2.5. Chlorine Drying, Chlorine drying colunms commonly use direct contact with 
strong sulfuric acid to remove water vapor from the wet chlorine (Section 9,1.4.3A). 
Drying colunm designs vary, but they all have the same function. The chlorine enters the 
zone that contains the weakest acid and leaves from the zone that has the strongest acid. 
The feed acid may be as strong as 98% H 2 SO 4 and the used or spent acid is normally 
at least 70% H 2 SO 4 . 


11.3.2.3 A. Acid-Side Controls. The strong sulfuric acid feed to the drying columns (not 
illustrated) is by way of a flow control loop or a metering pump. Flow measurement can 
be with a PTFE-lined magnetic flow meter, an all-plastic vortex shedding meter, or a 
lined transmitting rotameter. The control valve should be a fail-closed PTFE-lined globe 
valve with a PTFE bellows seal on the stem. The controller is standard reverse acting 
with proportional and integral functions. If there are frequent production rate changes 
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and there is a concern regarding excessive use of strong sulfuric acid, the acid feed can 
be regulated by a flow-ratio controller with the electrolyzer current as the primary “flow” 
for the ratio. With a metering pump, control may be by way of adjustment of the stroke 
or operating speed, which can be calibrated against the flow rate. 

Sulfuric acid enters the high-concentration end of the drying system cascade and 
flows from stage to stage by gravity (Section 9.1.4.3A). The weak acid usually collects 
in the first drying colunm (or bottom of a single column) for transfer to the spent acid 
storage tank. The rate of withdrawal here is set by a level control loop (Fig. 11.22). 
The level can be measured with a d/p cell that has a double capillary-filled system. 
The seals should have tantalum diaphragms, because the chlorine-saturated spent acid is 
very corrosive. The control valve should be a fail-closed PTFE-lined globe valve with a 
PTFE bellows sealed stem. A direct-acting proportional-plus-integral standard controller 
is appropriate. 

The strong acid addition rate must be sufficient to reduce the moisture in the chlor¬ 
ine to 15 ppm or less. The control strategy outlined above, controlling the feed rate 
and withdrawing spent acid under level control, does not guarantee efficient use of the 
acid. Overfeeding acid would simply cause LV 21 in Fig. 11.22 to open wider and the 
concentration of the waste acid to increase. The drawing, therefore, shows a density 
measurement in a recycle line around the acid circulation pump. This represents the 
concentration of the spent acid. Using this information to adjust the rate of acid feed 
prevents waste. Control is indirect, with the operator maintaining the acid strength at 
or above design by adjusting the feed rate. Section 9.1.4.1 pointed out that the method 
of disposal of the spent acid plays a part in determining its acceptable concentration. 



FIGURE 11.22. Chlorine drying column. 
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Another important consideration is the fact that the spent acid becomes very corrosive 
below 70% H 2 SO 4 . 

Conceptually, the concentration measurement could be used in closed-loop control 
of the rate of acid addition. With the low net flow of acid through the system, however, 
the dead time is quite long and may not be suited for accurate and stable control. Instead, 
the operator can occasionally adjust the rate of introduction of the fresh acid to keep the 
spent acid concentration under control. 

An efectrodeless conductivity instrument can measure the depleted acid concentra¬ 
tion with reasonable accuracy in the range of 65-80%. Above 80% H 2 SO 4 , inflections 
in the curve of conductivity vs concentration make the measurement less reliable. 


11.3.2.3B. Gas-Side Instruments. The mist eliminator between the drying system and 
the chlorine compressors is a passive element. No controls are necessary or useful. 
Figure 11.23 is a conceptual depiction of the operation. The use of suspended candle 
demisting elements is the most common approach (Section 9.1.5). The differential pres¬ 
sure instrumentation is similar to that used to measure the level in the drying columns (see 
above), with the exception that Monel diaphragms should be sufficient. The instrument 
provides continuous indication and a high alarm. The drying system, likewise, has no 
controls on the gas side. Figure 9.15 shows that temperature and pressure instrumentation 
on each side is useful for monitoring the process. 

If a chlorine plant handles much container (truck, tank car, barge, or cylinder) traffic, 
there will be a need to depressurize and evacuate these containers when customers return 


To 



FIGURE 11,23. Chlorine drying system mist eliminator. 
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them. A logical place to introduce the gas recovered in this operation is at the inlet to 
the drying columns. Depressurization of tank cars and barges in particular can add a 
significant load to the drying columns. This load usually adds little to the demand for 
fresh acid, because the chlorine is already very dry. It does increase the pressure drop 
through the columns, and plant design must allow for the appropriate rate of flow. The 
location of the control valve exposes it to dry chlorine on the upstream side and wet 
chlorine on the downstream side. Section 9.1.2 showed that the choice of materials of 
construction for these two cases can differ widely. The best choice here is probably a 
normally closed fluorocarbon-lined globe valve. 

The differential pressure across the drying columns provides a measure of the total 
gas loading. The distance between measuring points, particularly when using three sep¬ 
arate columns, can prevent the use of a double capillary filled system. Two independent 
pressure transmitters with flush-mounted d/p cells are then necessary. The upstream 
measurement requires a tantalum diaphragm: Monel is satisfactory downstream. The 
downstream pressure signal is then subtracted from the upstream signal to obtain the 
differential pressure. 

The pressure transmitter on the inlet line (Fig. 11.22) is useful when gas enters the 
process from a recovery system. Section 11.3.2.9 and Fig. 11.34 will cover the operation 
at that end. 


11.3,2,4. Liquid-Ring Compressors. At this point in the process, the chlorine is dry 
and can be handled in steel piping and equipment without excessive corrosion, but 
the pressure is too low for liquefaction or use in most other processes. In this case, 
compression is necessary, and Section 9.1.6 describes the process and the types of 
equipment used. The sections that follow here discuss liquid-ring and centrifugal 
compressors separately. 

The liquid-ring compressor has a defined compression ratio and a constant volu¬ 
metric flow rate. If there is more compression capacity on line than chlorine produced, 
suction and discharge pressures will tend to decrease. It is sometimes argued that this 
situation may not be a problem and that these compressors can be run without control. In 
our case, upsets with rapid changes in production rate (e.g., rectifier trips) would cause 
the suction and discharge pressures to change significantly. This situation makes cell 
room header pressure control more difficult. It imposes a much higher pressure drop on 
the control valve as it is forced to handle a significant drop in flow. 

Experience shows that providing a compressor suction pressure control system can 
greatly improve steady-state operation and the response of the system to an upset. It 
also provides a much easier startup by allowing the compressor to operate at normal 
conditions under full recycle before energizing the cells. 

The suction pressure control system shown in Fig. 11.24 uses a fail-open recycle 
valve to return compressed chlorine from discharge to suction. In the common situation 
with multiple compressors, there is one control system, and the chlorine is piped from 
the common discharge header to the suction header. The control valve should have an 
equal percentage characteristic and should be sized to handle the total capacity of the 
compressors when 90% open. It should have excellent turndown in order to control small 
recycle flows and should be aided by a valve positioner. 
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FIGURE 11.24. Suction pressure control for liquid-ring compressors. 


The suction pressure transmitter can be an absolute pressure instrument with low 
range or a d/p cell with Monel elements. The controller should have proportional and 
integral modes. The control action depends on the type of transmitter used. 

Losses of acid from the system should be very low, but it is prudent to monitor the 
level in the acid separator with some type of switch that gives a low-level alarm. 


11.3,2,5. Centrifugal Compressors. Section 9.1.6.2A discussed centrifugal com¬ 
pressors, which are the standard in large plants, and the particular importance of surge 
control. Surge occurs when the total flow through any stage of a centrifugal compressor 
is not sufficient to maintain stability over the face of the impeller. 

Too much air or nitrogen in the chlorine can also cause surge. Lower density gas 
cannot be compressed to the same discharge pressure as chlorine, and thus the compressor 
may not produce enough pressure for the gas to enter the discharge header. In the approach 
described below, surge control is combined with a suction pressure control system. 

A suction chiller with countercurrent flow of low-pressure chlorine gas and liquefied 
chlorine is not essential with a centrifugal compressor, but it serves two very useful 
purposes. It cools the gas, making higher compression ratios possible and reducing the 
dependence on interstage coolers. It also scrubs impurities out of the chlorine stream 
that could over time damage the compressor. While removing impurities, the suction 
chiller also creates the possibility of accumulation of the extremely hazardous nitrogen 
trichloride (Section 9.1.11.2). For this reason, operation of a suction chiller is not to be 
undertaken lightly. 
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1L3.2.5A. Suction Chiller Operation. Removal of impurities scrubbed from the gas 
requires continuous or occasional controlled withdrawal of liquid from the bottom of the 
suction chiller. The existence of a liquid phase implies the use of level instrumentation 
and control. The controlled stream is the liquid chlorine that cools and scrubs the gas. 
Displacer-type transmitters with Monel internals and steel cages have been successful 
in this duty. Figure 11.25 assumes their use, with a reverse-acting controller with pro¬ 
portional and integral control functions. The valve should be a fail-closed globe valve 
with a 300-lb flanged body and a positioner. The stem seal can be a Monel bellows or a 
Hastelloy C stem with double FI FE packing. 



FIGURE 11.25. Compressor suction chiller level control. 
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It is also good practice to measure the liquid chlorine flow to the suction chiller. 
Control can be directly from the liquid level, as assumed above, or by flow control in 
cascade from the level. Vortex-shedding flow meters have given good service here. 

With the simplest form of a suction chiller, the bottoms product, containing any 
high boilers, accumulates and is removed periodically. The bottoms vessel is charged 
with a solvent in order to dilute the material removed from the column. More elab¬ 
orate versions and stripping columns can remove dissolved chlorine and return it 
to the process through the suction chiller column. Equipment arrangements and the 
approach to process control vary. Improper operation and the accumulation of excessive 
amounts of nitrogen trichloride have been responsible for a number of serious incid¬ 
ents, some involving fatalities. These systems must be designed and operated with 
great care. 

Varying the addition point of the liquid can affect the temperature of the gas leaving 
the column. Figure 11.25 shows several nozzles along the wall of the column. Choosing 
a higher nozzle increases the contact time between phases and reduces the temperature 
of the overhead gas. Not all designs have this feature. 

Figure 11.25 also shows pressure relief on the column. The normal design pressure 
for vessels containing liquid chlorine is 15-20 atmospheres. The suction chiller, however, 
is connected directly to the compressor suction, where the pressure rating is much lower. 
The relief system on the suction chiller must also protect the compressor. Standard 
construction is a reverse-buckling Monel rupture disc in combination with a safety valve 
having Monel internals and a FIFE O-ring seal. 


11.3.2.5B. Compressor Operation. Section 11.3.2.4 reviewed the argument that a 
liquid-ring compressor can be run safely without a pressure controller. The same argu¬ 
ment might be made with centrifugal compressors, but again experience shows that 
control of the cell room header pressure is much easier and smoother when the compressor 
suction pressure is controlled. 

Figure 11.26 shows a system in which compressed gas recycles from the discharge, 
upstream of the shutoff valve, to the inlet of the suction chiller. Passing the recycled gas 
through the suction chiller (or other precooler) cools the gas so that the control valve 
can handle the full compressor capacity. The control valve is a fail-open globe valve 
with an equal percentage characteristic and a positioner. It should be sized to handle 
full compressor output when 90% open. The valve seal can be a Monel bellows or a 
Hastelloy C stem with double PTFE packing. 

Surge flow measurements are normally made in centrifugal compressor suction 
lines. This is usually impractical in chlorine plants, where the suction piping is relatively 
large in diameter and the straight piping runs are short. It is more convenient to locate 
the flow meter in the compressor discharge piping before the recycle line connection. 
Orifices with d/p cells have been the standard for measurement of this flow, but a vortex 
meter with Monel or Hastelloy C wetted parts probably is technically a better choice. 
The latter is not affected by changes in gas density, while a d/p cell will give a reading 
lower than the true flow if the gas density drops. 

In Fig. 11.26, the compressor flow signal goes to a direct-acting proportional-plus- 
integral flow controller. The controller output goes to the low selector described above. 
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FIGURE 11.26. Centrifugal compressor suction pressure and surge control. 


It is important that an output signal from the low selector also serve as external feedback 
to the flow controller. 

The suction pressure controller, rather than the flow controller normally controls 
the recycle valve. However, if the compressor flow decreases to a critical point, the flow 
controller will take over operation of the valve and increase the flow to prevent surge. 
This will increase the suction pressure and in some cases can raise the cell room header 
pressure to the point where the seal pot opens. This would also occur if the compressor 
were allowed to go into surge. 

In addition to the process control instrumentation described above, manufactur¬ 
ers of centrifugal compressors provide extensive measurement and control systems for 
the protection of their compressors. These cover pressure, temperature, vibration, shaft 
sealing, and lubrication. When these systems are included in the compressor package, 
the user may still want to display some of the measurements at the main control station. 
This can be done through digital retransmission or by providing duplicate measurements. 
There will also be shutdown interlocks to incorporate into the main control system. Suc¬ 
tion pressure and surge control systems should not be incorporated into the compressor 
manufacturer’s control and monitoring system. 


11.3.2.5C. Discharge Pressure Measurement. Individual compressor discharge pres¬ 
sures are measured with transmitters with capillary-connected flanged Monel diaphragm 
seals. This pressure measurement is an important tool when bringing a compressor 
on line. It will indicate when the gas can be passed on to the discharge header. 
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In addition to the normal manual valve bet\veen a compressor and the conunon 
discharge header, there should be a fail-closed remotely actuated globe control valve with 
Monel trim and an equal percentage flow characteristic (HV-65 on Fig. 11.26). It should 
handle the full capacity of the compressor with a pressure drop of about lOkPa. When, 
during startup, the pressure instrument referred to above shows that the compressed 
gas pressure is equal to the discharge header pressure, the operator can open this valve 
slowly. 

Another fail-closed remotely operated control valve connects the compressor dis¬ 
charge to a vent scrubber (H V-64). It should have Hastelloy C trim because of its exposure 
to water vapor from the scrubber. Otherwise, its design characteristics are similar to those 
of the discharge shutoff valve discussed immediately above. During startup, this valve 
vents dilute gas to the high-pressure scrubber until the chlorine concentration approaches 
normal. In a centrifugal compressor installation, the discharge pressure will often be too 
low until the chlorine concentration reaches a certain point. This valve should close as 
the discharge shutoff valve opens. 


77.5.2.6. Compressor Discharge Header Pressure Control A plant with multiple com¬ 
pressors will have discharge manifolds serving groups of machines. Figure 11.27 shows 
the minimum case of two compressors. All the compressed chlorine is brought together 
for distribution to the various users. When all the chlorine is liquefied or intended for a 
single use, the distribution header system is very simple. Such plants need only a method 
to discharge excessive pressure to the high-pressure scrubber. 

When the chlorine can also be sent directly as a gas to another process, to lique¬ 
faction, or to the scrubber, the distribution header becomes more complex. The control 
system becomes a priority selection system directing gas to the appropriate destination(s). 
Priorities are established by split-ranging the positioners of the various control valves. 
The highest priority usually is the direct user, with liquefaction next, and the scrubber as 
the last resort. Since the chlorine must be sent to the scrubber when instrument air fails, 
all valves must fail open. 

The pressure transmitter, located on the discharge header, has a capillary-connected 
Monel diaphragm seal. It is reverse-acting, with proportional and integral control modes. 
Normal practice is to include both high- and low-pressure alarms. 

Direct feed of compressed chlorine to another process is possible only when the 
quality of the chlorine meets the user’s needs. The receiving process determines and 
controls how much chlorine is taken from the header, but another control valve is 
necessary at the compressor discharge header in case the user attempts to take more 
chlorine than is available. The liquefiers normally handle the chlorine not taken by the 
direct user. It has been common practice to design the liquefaction plant for full cell 
output, so that the cells can operate at full rate during short upsets in the user’s process. 
This approach may be modified to suit restrictions on maximum chlorine inventory. In 
any case, the liquefiers should always have some chlorine gas fed to them to keep them 
operational and ready to handle full chlorine production should the direct user suddenly 
stop taking gas. In addition, a supply of liquid chlorine may be needed for a suction 
chiller. A bypass line around the control with a restricting orifice sized for about 10% of 
full capacity at the control valve drop can meet this requirement. Any chlorine not taken 
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FIGURE 11.27. Compressor discharge header pressure control. 


by the user and liquefiers together must go to the high-pressure emergency scrubber 
through the third valve. 

The three valves are all built for chlorine service. Vortex meters upstream of the 
control valves measure and integrate the various flows. Integration of the flow to the 
scrubber is the least important, but given the measurement of the flow rate, it is of 
little added cost. A separate meter located before division of the flow can measure the 
total flow, or the output of the three individual meters can be added together. The valve 
positioners may be calibrated for ranges of 15-20 mA (direct user), 9-15 mA (liquefiers), 
and 4-9 mA (scrubber). The two process valves should have linear characteristics. They 
should be sized for full plant output when 90% open. Normally allowed pressure drops 
are 5-15 kPa for the direct-use valve and 20-30 kPa for the liquefier valve. The scrubber 
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valve can be sized for a pressure drop equal to that between the discharge header and 
the scrubber inlet. This should be an equal percentage valve, and, like the header shutoff 
valve, it should have Hastelloy C trim. 


11,3.2.7. Chlorine Liquefaction. One or more liquefier units can be fed through the 
liquefier feed valve (Fig. 11.27). Each liquefier unit will have its own manual isolation 
valve. A liquefier unit comprises a complete refrigeration system, a chlorine liquefaction 
exchanger, and a knockout pot for vapor-liquid separation. 

Removal of enough chlorine by liquefaction allows the hydrogen concentration in 
the remaining vapor to exceed the lower explosive limit (Section 9.1.11.1). Mercury¬ 
cell chlorine usually contains a small percentage of hydrogen, and hydrogen problems 
are most common with that technology. Diaphragm-cell chlorine, as a rule, contains 
less hydrogen, but the same problem can exist, particularly if modified diaphragms are 
not being used. Membrane-cell chlorine has very little hydrogen unless there is a tom 
membrane. 

Clean dry air added to the liquefiers along with the chlorine dilutes the hydrogen and 
eliminates that hazard. The rate of addition of air is governed by a flow-ratio controller, 
with the chlorine flow to the liquefier acting as the primary flow (Fig. 11.28). The 
ratio to be used depends on the concentration of hydrogen in the chlorine and on the 
depth of liquefaction. It should be reset as required, based on the concentration of 
hydrogen in the tail gas from liquefaction. The control valve should fail open and have 
an equal percentage characteristic and a positioner. A small bypass flow of air may 


From 
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FIGURE 11.28. Dry air feed to chlorine liquefiers. 
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be necessary to dilute the bypassed chlorine when the flow is too small to measure 
accurately. Section 9.1.7.2A describes the effects of air addition on the efficiency of the 
liquefaction process. Multistage liquefaction will be more efficient if the dilution air is 
added incrementally, stage by stage. In most cases, it is not considered to be worth the 
added cost and complexity. 

Figure 11.29 shows a liquefaction unit. As with chlorine compressors, the refri¬ 
geration systems associated with liquefaction can be supplied as completely automated 
packages. Within their capacity, they will automatically adjust to the amount of chlorine 
fed to the system. The chlorine separator temperature is used to adjust the refrigerant 
evaporation pressure (and therefore, its temperature). With control by PLC, the only 
other signals to be passed to the main control center are the alarms and the shutdown 
status. Refrigerant flow is balanced with process demand by control of its level in the 
liquefier. 

The process temperature is measured in the uncondensed gas as it leaves the chlorine 
knockout pot or separator. This procedure is more accurate than measurement of the 
temperature of the liquefied chlorine, which may be subcooled. The temperature sensor 
in Fig. 11.29 is an RTD in a flanged Monel thermowell. The reverse-acting proportional- 
plus-integral controller adjusts the set point of the refrigeration chiller pressure controller. 

A side connection on the knockout pot carries the liquid chlorine to storage. The 
tank being filled is vented back to the knockout pot to enable gravity flow. Cage-style 
high and low float switches monitor the level. 


Set 



FIGURE 11.29. Chlorine liquefier temperature control. 
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The liquefier and knockout pot, which contain chlorine, should have 300-lb flanges, 
and all instruments must be rated for this pressure. A reverse-buckling Monel rupture disc 
coupled with a pressure safety valve with Monel internals and O-ring seal protects the 
vessels. This book does not discuss methods for sizing relief system components. Setting 
the design rate of flow requires consideration of the various events that can cause a release. 
Fire, when considered, usually becomes the design case. The Chlorine Institute, in its 
pamphlets on relief systems [2], provides equations covering this case. They are based 
on Compressed Gas Association standards [3]. Euro Chlor [4] specifically recommends 
that fire not be automatically included among the relief scenarios but be considered only 
when it is reasonably likely. The disadvantage of always rating for fire is that the rate 
obtained may be unrealistically high. This might be wasteful but would not be a hazard 
in a situation where the process fluid can reasonably be allowed to discharge to the 
atmosphere. This is not so in the case of chlorine, and the design of release-containment 
facilities can be as important as the design of the relief device itself. Sizing a containment 
system for the rate of release caused by a fire may be impracticable. Some of the options 
for handling chlorine emitted from storage vessels are explored in Section 9.1.10.2. 

Pressure control is through a fail-open equal percentage control valve mounted in 
the common discharge header from the liquefier units. A transmitter with a capillary and 
Monel diaphragm seal measures the pressure upstream of the valve. The signal goes to 
a reverse-acting controller with proportional and integral control modes. This controller 
is set 25-30 kPa below the setting used on the discharge header controller. 


11.3,2.8. Liquid Chlorine Storage Tanks. Section 9.1.8.2 discusses the various methods 
used to store liquid chlorine, along with the requirements for vessel design. Figure 11.30 
shows a pressurized system in which the amount of chlorine present is measured by 
weight. There are four electronic compression load cells in this version. The drawing 
shows how the arrangements differ at the two ends of the tank. The swing caused by 
expansion and contraction of the tank must be kept less than 2,5°. 

Figure 11.31 shows an arrangement used for calibration. It involves the use of 
a second set of calibration cells. Hydraulic jacks transfer some of the load from the 
measurement cells to the calibration system. This is done in a series of about five steps, 
leaving about 20% of the weight on the measurement cells. 

When chlorine is stored under refrigeration at near-atmospheric pressure, double¬ 
wall containment is the standard. The jacket of a low-pressure vessel requires its own 
instrumentation. Section 9.1.8.2B discusses the design of these systems and mentions 
the need for a continuous air purge. Instrumentation should include a flowmeter and 
monitors for the humidity of the air entering the jacket and the chlorine content of the air 
leaving. The latter instrument will detect any leaks from the inner vessel. Because of the 
importance of differential thermal expansion of the storage and confining vessels, there 
should also be a number of wall-temperature monitors. Euro Chlor [5] and the Chlorine 
Institute [6] give more suggestions for instrumentation of these systems. 


11.3.2.9. Chlorine Depressurization and Evacuation Compressor. Section 9.1.12 
describes depressurization and evacuation of storage tanks and transport containers, 
and Fig. 11.32 shows the required instrumentation. In the first step, depressurization, 
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FIGURE 11.30. Liquid chlorine storage tank. 
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FIGURE 11.32. Depressurization/evacuation compressor system. 
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a vessel under pressure vents through a throttling valve (PV-1/201) into the discharge 
line of the evacuation compressor. This is a fail-closed 300-lb globe valve with equal 
percentage characteristic. It operates from a split-range direct-acting positioner. The 
pressure in the compressor discharge line is under control, and the second valve in the 
top line (PV-2/201) is wide open. As the pressure at the source drops, the first valve 
gradually opens to hold a pressure of 50-80 kPa in the compressor discharge line. When 
this valve is wide open, the evacuation compressor starts. 

When the compressor first operates, the incoming pressure is well above the suction 
set point, and the valve upstream of the suction knockout pot (PV-1/200) must throttle 
the flow. As the line pressure falls, the valve continues to open. When it is wide open and 
can no longer hold the desired suction pressure, the compressor recycle valve (PV-2/200) 
must open. Finally, at some level of vacuum on the source, the system reaches its limits 
and can no longer pull chlorine from the container. Then comes shutdown. 

A logical place for the return of the recovered chlorine is the inlet to the drying 
columns, where it can be reconditioned. This can add significantly to the pressure drop 
across the columns, and so the flow rate must be limited to stay within the design condi¬ 
tions. Figure 11.33 shows pressure profiles through the low-pressure chlorine processing 
train. The pressure drops continuously through the piping and equipment until the gas 



Pi = Pressure at inlet to drying columns 

P2 = Pressure at outlet of drying columns 

P(min.) = Pressure at minimum flow 

P(max.) = Pressure at maximum flow 

AP = Pi - P2 = Pressure drop across drying columns 

Break In pressure after dry mist eliminator represents 
control valve drop. 

FIGURE 11.33. Chlorine handling system pressure profile. 
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FIGURE 11.34. Reclaimed chlorine flow limiting system. 


passes through the dry mist eliminator. The control valve then causes a discontinuity. 
Three curves show how the pressure falls more rapidly as the rate of flow increases. 
While the pressure at the inlet of the control valve drops, the pressure behind it must 
increase to maintain the downstream flow. Less pressure drop is available for the valve. 
Excessive flow from the evacuation system can reduce this available pressure drop to the 
point where the valve cannot function properly. 

A control valve, therefore, is installed in the depressurization line at the drying 
column inlet to regulate the flow of reclaimed chlorine (Fig. 11.22). The location exposes 
the valve to both wet and dry chlorine. The best choice for the service is a normally closed 
PTFE-lined globe valve. The loading on the drying columns can be measured by differen- 
tial pressure across the drying column train (Fig. 11.34). The physical distance between 
measuring points normally prevents the use of a double capillary system, so two inde¬ 
pendent pressure measurements are necessary. A flush-mounted d/p cell with a tantalum 
diaphragm can be used for the upstream pressure measurement, and a flush-mounted 
d/p cell with a Monel diaphragm for downstream measurement. Both transmitters need 
enough suppression in their calibrations so that their outputs will always be positive. 
The downstream pressure signal is then subtracted from the upstream signal to obtain 
the differential, which is the input to PIC-85, 


11.4. HYDROGEN SYSTEMS 
1L4,L Introduction 

The cathodes in diaphragm and membrane electrolyzers generate hydrogen gas saturated 
with water at 80-95°C. In mercury cells, hydrogen generation occurs in the decomposers, 
where temperatures may exceed 100°C. Normal practice is to cool the gas above each 
decomposer, and the humidity of the gas entering the collection header depends on the 
individual plant. The hydrogen from any type of cell can entrain some cell liquor and, in 
the case of mercury cells, it will also contain mercury vapor. Most chlor-alkali plants cool. 
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scrub, and compress this hydrogen and then use it for HCl production (Section 9.1.9.2) 
or as a supplemental fuel. 

The explosive range of hydrogen in air is very wide (~4-74%), so air must be 
excluded from the system. Section 9.1.11.1 discussed the hazards of hydrogen in cell 
rooms, and Section 9.2.3 covered hydrogen compression systems. Low-pressure releases 
often are not highly dangerous because of the rapid dispersal of the gas in the air. In 
hydrogen processing systems, where pressures are higher and hazards aggravated, areas 
may be classified as Class I, Division 2, Group B. 

Section 11.4.2 describes membrane-cell hydrogen systems in which the cells can 
operate under positive pressures to make some aspects of hydrogen handling easier and 
safer. Section 11.4.3 is dedicated to diaphragm-cell systems. 


11.4.2. Membrane- and Mercury-Cell Hydrogen Systems 

Most mercury-cell plants and low-pressure membrane-cell plants generate hydrogen at 
slight positive pressures, usually about 50-125 mm w.c. Mercury-cell operation tends 
to be in the low end of this range. Some membrane cells generate hydrogen at pres¬ 
sures of 50 kPa and more. Such pressures, if carried through the gas headers, may not 
require compressors to suit the end use of the hydrogen. Often, however, the purpose 
of the elevated pressure is to improve cell operation, and the pressure is let down as the 
gas leaves the cell room. In a mercury cell, the pressure of the hydrogen is somewhat 
independent of the chlorine pressure because the two gases are generated in different 
locations. In a membrane cell, the pressures of the two gases are closely related. Only 
the membrane separates them, and the differential pressure must be small and closely 
controlled. The hydrogen pressure must always be the higher of the two, in order to keep 
the membrane pressed against the anode. Differential-pressure restrictions of the various 
cell technologies are covered in Section 5.5.1. 


11.4.2.1. Cell Room Hydrogen Header 

11.4.2.1 A. Operation Near Atmospheric Pressure. The simplest approach to hydrogen 
header control at very low pressure uses large water-sealed vents designed to maintain 
a fairly precise back-pressure with little or no fluctuation. Figure 11.35 shows such a 
vent. Section 9.1.10.1 gives design details for this type of system as a pressure-relief 
device with little heed to gas flow distribution. For more precise control, it is important 
to distribute the gas as small bubbles over a wider area of the water seal (10-20 mm 
deep) in order to provide minimum pressure drop and fluctuation in flow. 

Problems still arise when the gas goes on to processing. It can be difficult, for 
example, to transfer hydrogen from a zone at low pressure to a compressor with suction 
throttling while maintaining good control of cell room header pressures. 

The control strategy, presented in Fig. 11.35, provides smooth transfer with precise 
control. It must allow controlled venting as well as controlled transfer to compression, 
and so it requires two control valves and split-range control. The cell room header 
pressure is measured by a d/p cell with a Monel diaphragm. If desired, a flush-type cell 
can be used. It is located on top of the header as it leaves the cell room. It is important 
that connections to the d/p cell be freely draining. 
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FIGURE 11.35. Hydrogen header pressure control (atmospheric pressure). 


The controller is direct^acting with proportional and integral action. Split signals 
from the controller and from a transfer loading station go to multiplication modules with 
different functionalities. The setting of the transfer loading station determines the split 
of the hydrogen flow between the vent and the process. The signal from the pressure 
controller is designated A and that from the loading station B. The operator may set B 
anywhere in the range 0-100%. The multiplier associated with the low-pressure vent 
should have the function: 


Output = A X (1 -B/lOO) (1) 

where A is the output of the pressure controller and B is the output of the transfer loading 
station, %. An interlock signal forces the transfer output to zero whenever the rectifiers 
are off. The other multiplier should have the function: 

Output = A X 5/100 (2) 

Figure 11.36 shows the result. The maximum controller output shown here is somewhat 
arbitrary. Its value will depend on operating conditions. When the transfer output B is 
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FIGURE 11.36. Diversion of hydrogen to compressors, 

zero, the compressor suction valve is fully closed and the vent valve is the pressure control 
device. Section 11.4.2.2 covers the startup and the functioning of this arrangement when 
switching hydrogen from the low-pressure vent to the compressor suction. 

Selection and sizing of the two control valves are critical to the success of the 
control strategy. Both valves must fail closed, have linear flow characteristics, have 
good control over the entire range to full shutoff, be sized to handle the full cell room 
output of wet gas, and have fairly tight seals. Cost and lack of availability preclude the use 
of globe valves, which would have desirable characteristics. A more economic choice is 
a V-ball valve with positioner modified to provide the desired linear characteristic. Both 
control valves should have nearly the same percentage of overcapacity. 

One of the most important cell room measurements is the hydrogen to chlorine 
differential pressure. When both the hydrogen and chlorine header pressures are con¬ 
trolled separately, as assumed in Fig. 11.35, the differential pressure measurement is 
recorded and monitored with high and low alarms. The ideal transmitter would be of 
corrosion-resistant construction with each side of the cell mounted above and directly 
connected to one of the headers in such a way that the condensed water drains freely 
back into the headers. The practical compromise is a tantalum flush-mounted d/p cell 
connected to the chlorine header. Since the back side of the cell is unable to drain into 
the hydrogen header, a small nitrogen purge is used to keep the connecting tubing dry 
and prevent the collection of condensate. 

The alternative to separate control of the header pressures is to control one pressure 
directly and the other through a differential pressure controller referred to the first. 
With this alternative, the more frequent choice is to control the chlorine pressure and the 
hydrogen/chlorine differential pressure. This takes advantage of better control dynamics. 
An argument for this approach is that it is the quality of the differential pressure control 
that may determine the life of the membranes, and there is only one control loop variance 
to deal with. In a poorly designed system, however, responses to the two control signals 
can be out of phase and introduce fluctuations in the pressures. In order to have a 
consistent approach in this presentation, we assume that the two header pressures are 
controlled separately and directly. Differential pressure is measured directly or computed 
from the outputs of the two pressure transmitters. Monitoring, alarm, and supervisory 
systems can be appropriate to individual applications. 



Transfer Loading 
Station Output "B" (%) 
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The header temperature can be measured with a RTD sensing element in a flanged 
Type 316 SS thermowell. The transmitter should have a range of 0-250°F or 0-150®C. 
The transmitted measurement is recorded and monitored with a high alarm. 


11.4.2. IB, Operation Under Low Positive Pressure. In addition to good control of nor¬ 
mal operating conditions, higher pressure operation of membrane cells requires a special 
control strategy to bring the header pressures up to the desired level smoothly and without 
damaging the membranes. This goal requires coordination of the chlorine and hydrogen 
header pressures. Section 11,3.2,1A has already described the technique with respect to 
the chlorine header. There are two pressure controllers, one with a wide measurement 
range and one with a narrow range along with suppression of the signal below some 
lower limit. Figure 11.37 shows that the wide-range controller loading station controls 
both headers. Its signal goes directly to the chlorine header pressure controller. It reaches 
the hydrogen header controller through a biasing pressure relay. This keeps the pressure 
higher on the hydrogen side. The membranes then remain in their desired position, 



FIGURE 11.37. Hydrogen header pressure control (low pressure). 
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against the anodes. The biasing value selected should be appropriate to the electrolyzer 
technology being used. 

The control signals from the two pressure controllers go to a high-signal selector 
switch. When the pressure set by the wide-range system reaches a certain point, then, 
the narrow-range system takes over control. Control response charts are in Fig. 11.38. 
The situation is similar to that described for the chlorine system and shown in Fig. 11.20. 

The pressure control signal acts along with the signal from a transfer loading station 
to operate the two control valves. This is the method described in Fig. 11.35. The 
particular combination shown in Fig. 11.37 is appropriate for positive header pressures of 
about 15-35 kPa. The set points used in Figs. 11.20 and 11.38 are arbitrarily chosen near 
the maximum in this range and do not represent any particular electrolyzer technology. 

PIC-11 



FIGURE 11.38. Hydrogen pressure control system response charts. 
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Higher operating pressures generally make control of the differential pressure 
between the two gas headers more difficult. The allowable differential pressure becomes 
a smaller fraction of the measured pressure. This accounts for the use of dual transmitters 
with different ranges in Figs. 11.19 and 11.37. Another technique to increase the accuracy 
of control and give more precise throttling is the use of gap-action control. Figure 11.39 
is an example, and the approach is similar to that used to control the pH of dechlorinated 
brine (Fig. 11.16). Again, there is a loading station with a wide range that fixes the set 
points for both gas headers. A positive bias to the hydrogen control system fixes the 
differential pressure. The gap-action controller operates outside set limits (e.g., 25% and 
75% of output range) and fixes the position of the lairger valve. The second transmitter 
operates over a narrow range, and sends its signal to a second controller. The two signals 
are fed to a selector. In the normal control range, the narrow-range controller operates 
the smaller valve to maintain close control of the pressure. When this system is used, 
there will be a similar arrangement on the chlorine header. The smaller control valve in 
each header will be a globe valve with linear response. The larger valve, responding to 
integral control only, is shown on the drawing as a V-ball valve. A butterfly valve may 
be used in its place on the chlorine header. 


11.4.2.1C. Safety Systems. The cell room hydrogen header should be automatically 
purged with nitrogen at high flow rate for a fixed time whenever the rectifiers shut down 
(Fig. 11.40). This ensures that condensation of water vapor does not lower the header 


To Chlorine 
Header Controller 



To Hydrogen 
Processing 


FIGURE 11.39. Low-pressure system with precise control throttling. 
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FIGURE 11.40. Purging hydrogen header and seal pot. 

pressure below atmospheric and draw air into the system. Failure to exclude air has 
caused explosions during startup [7,8]. After the high purge rate, a pressure regulator 
will maintain a small positive pressure in the header. The presence of nitrogen also 
eliminates the hazard of mixing hydrogen and air when the rectifiers go back on line. 
Section 13.6.6 discusses system purge requirements in more detail. 

The other principal cause of low pressure is a malfunction of the hydrogen com¬ 
pressor control, which could allow the header pressure to drop very quickly below 
atmospheric. Section 11.4.2.4 covers the relevant protective systems. 

When the operating pressure is low, the cell room hydrogen header is protected 
from overpressure with a water seal set to relieve slightly above the normal operating 
pressure. Comparison with Fig. 11.35 shows that this is separate from the seal pot used 
as part of a low-pressure control system. It is the conventional type of seal pot already 
discussed for both chlorine and hydrogen service (Section 9.1.10.1). A small continuous 
flow of water, measured by rotameter and manually controlled, maintains the level of 
the seal. A high rate of water flow can be actuated remotely to flood the seal pot and 
re-establish the seal once the high pressure is relieved. High-pressure membrane systems 
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Operate beyond the effective range of a water seal and must depend on weighted discs 
or an automated system for relief. 

Higher pressure operation of membrane cells also complicates the header purging 
arrangement. The purge must take place at the operating pressure so that the hydrogen 
can be swept out of the header through the sealing device. 


11.4.2.2. Diversion to Compressor System. Section 11.4.2.1 discussed the hydrogen 
header pressure control arrangement. It did not cover the mechanism for diversion of the 
gas to the compression system. 

The control system of Fig. 11.37 contains a manual loading station with 0-100% 
range for transfer of hydrogen to the compressors. An interlock forces the output to 
zero whenever the hydrogen compressors are not running and shifts the pressure control 
signal to the low-pressure vent control valve. When the compressors are running, the 
manual loading output can be set above zero. The signal goes to the two multipliers, 
where it represents the “5” value in Eqs. (1) and (2). 

The compressors are usually started on nitrogen, with 100% recycle. Increasing the 
output of the manual loading station causes the two multipliers to divide the pressure 
controller’s signal to the two control valves. At a 25% transfer output, for example, one 
quarter of the controller output is sent to the compressor suction control valve and three 
quarters to the vent control valve. The emphasis in Section 11,4.2.1A on closely related 
sizing of the two valves assures that the total flow through both control valves changes 
very little during the transfer procedure and that the transfer is smooth. Throughout the 
transfer, the pressure controller is in full control of the valves and will automatically 
make adjustments regardless of the transfer signal output. When the transfer signal 
is 100%, pressure control is handled completely by the compressor suction pressure 
control valve. 


11.4.2.3. Hydrogen Cooling. The hydrogen cooler is located in the stream going to 
the compressors. Its purpose is to cool the gas and condense most of the associated 
water vapor. The cooler design can take many forms, but here we discuss direct contact 
between the hydrogen and water or brine. The exchanger must have a low pressure drop 
and provide good contact between phases. A common design uses water injected through 
spray nozzles (Fig. 11.41). 

To remove heat from the system, water from the bottom of the column is circulated 
through a cooling water exchanger to the spray nozzles. The circulating water flow is 
measured and transmitted to the main control center. Low flow activates an alarm. 

As the hydrogen cools, water condenses and accumulates in the column. The level 
in the bottom of the column can be measured with a d/p cell. The signal from the level 
transmitter goes to a direct-acting controller with proportional and integral control modes. 
The fail-closed control valve is in a side branch off the circulating pump discharge line. 

The temperature of the hydrogen leaving the cooler is measured and transmitted 
to the main control center. A high-temperature alarm is necessary; a low-temperature 
alarm may be useful. 
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FIGURE 11.41. Direct-contact hydrogen cooling system. 


1L4.2A. Hydrogen Compression. Many applications of hydrogen are at pressures com¬ 
patible with the characteristics of liquid-ring compressors (Sections 9.1.6.2C and 9.2.3). 
The discussion here assumes the use of this type of compressor with a discharge pres¬ 
sure of about 100 kPa(g). Applications at higher pressures are more specialized and may 
require the use of reciprocating compressors. 

The suction pressure controller allows the hydrogen compressor to run on complete 
recycle. When there are several compressors, each should have its own controller. These 
maintain control by recycling compressed hydrogen to the suction. 

Some designers feel that hydrogen systems should never be operated with negative 
suction pressures. Others argue that very modest negative pressures (typical control 
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point —125 mm w.c.) in a small section of tightly sealed piping represents a min¬ 
imal risk. In diaphragm-cell plants, compressors routinely operate at such negative 
pressures (Section 11.4.3). In any case, there should be protection against excessively low 
pressures. The compressor of Fig. 11.42, therefore, is interlocked to shut down whenever 
the cell current fails. Similarly, the compressor should stop whenever the suction pres¬ 
sure drops below a set limit for any other reason. Some number of pressure switches 
might be installed in the transfer system. At least one switch should be independent of 
control or measurement transmitters. 

The suction pressure in any case is measured by a d/p cell, as shown in Fig. 11.42, 
and the proportional-plus-integral controller sends its output to a fail-open globe valve 
sized to handle the total compressor capacity at 90% of its travel. Compressors are 
usually a bit oversized, and this provides the additional capacity needed for the steady 
recycle flow. 

The recycle valve usually cannot handle full flow when the system is full of nitrogen, 
which is much denser than hydrogen. To allow the system to start, a manual globe valve 
of the same size as the control valve can be added in parallel. When hydrogen feed 
begins, the automatic valve will begin to close as nitrogen is purged from the system. 
The manual valve can then be closed. 
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A knockout pot, or separator, mounted after the compressor removes water from 
the gas. Cooling of the circulating water ring means that more water condenses from the 
hydrogen and collects in the pot, and this must be removed from the system. The level 
in the pot is measured by a cage-mounted displacer-type transmitter. A direct-acting 
proportional-plus-integral controller commands the normally closed automatic valve. 
Globe valves are a good choice for this service. Handling of the excess water should be 
with due regard to the possibility of hydrogen entrainment. 

On the compressed gas side, an analyzer gives added protection against the con¬ 
sequences of air intrusion. A paramagnetic analyzer is a good choice because it is 
sensitive primarily to oxygen. Other components of the gas are slightly diamagnetic and 
have the opposite response to a magnetic field. The oxygen measurement is transmitted 
to the main control center. The instrumentation system also provides alarm and shut¬ 
down signals. A typical range for the instrument is 0-5% O 2 , with an alarm at 0.5% and 
compressor shutdown at 1%. 

Most hydrogen systems have a spare compressor that can be interlocked with the 
same shutdown signals as the main compressor. In multitrain plants, interlocking of the 
spare compressor becomes much more complicated. It can be interlocked with any train, 
and so a selection is necessary when the spare compressor is to be put into service. 
Details are beyond the scope of this book, but the interlocking issue must be addressed. 


11.4,2,5. Delivery of Compressed Hydrogen. Hydrogen compressed for use in various 
services must be delivered to a user or vented, and the users also must be^restricted so 
that they cannot take too much gas. It is normal for several hydrogen compressors to 
discharge into a common header. 


11.4.2.5A. Discharge Pressure Control. In Fig. 11.43, a standard pressure transmitter 
with a range to suit the process measures the pressure of the hydrogen in the discharge 
header. The pressure signal is transmitted to a reverse-acting proportional-plus-integral 
controller with split control range. The controller output goes to two fail-open control 
valves, a globe or V-ball valve in the line to the high-pressure vent, and a V-ball or butterfly 
valve in the line to the user. The high-pressure vent valve has a positioner calibrated for 
an input range of 4—12mA, with the valve wide open at 4 mA. The positioner for the 
other valve is calibrated for 12-20 mA, and the valve is wide open at 12 mA. 

When the user is not taking hydrogen, the controller throttles the vent valve to 
maintain the desired pressure. The control valve for the user is wide open, and the 
protective system at the user’s end must provide closure. As the user begins to take 
hydrogen, the vent valve begins to close. When it is fully closed, the control valve in the 
line to the user starts to close to restrict the flow of hydrogen. 

Note that the valve in the user’s supply line acts only to restrict the flow of hydrogen 
to match the output of the compressors. Flow control otherwise is at the other end of 
the line. 

In a common arrangement, the hydrogen downstream of the high-pressure vent 
valve can go to either of two vent stacks. The gas passes through a water seal at the 
bottom of the stack. If the vent from one stack catches fire, the hydrogen can be switched 
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FIGURE 11.43. Hydrogen compressor discharge pressure control. 

to the other stack. Each stack is supplied with the ability to inject steam in large quantities 
to snuff out a fire. 


11.4.2.5B. Hydrogen Users Priority Control. While the discussion immediately above 
assumed that there was only one user of hydrogen, there are frequently several. Even with 
only one user, shutdown or curtailment of the offtake can force some of the hydrogen 
to be vented or diverted for use as fuel. The total demand by multiple hydrogen users, 
on the other hand, also can exceed the rate of supply. It is, therefore, the usual prac¬ 
tice to establish user priorities by staging the hydrogen header pressure control system 
(Fig. 11.44). 

A standard pressure transmitter is mounted on the product hydrogen header. In our 
case with a discharge pressure of about 100 kPa, the measurement range might be 80-120 
or 85-110 kPa. The proportional band should be set to about 40%, so that the controller 
output changes 100% over a pressure range of 16 or lOkPa. The manual reset should 
be adjusted so that with no users taking hydrogen, the controller output is 20 mA when 
the header pressure is slightly less than the normal hydrogen discharge pressure. As 
users begin to take hydrogen, the pressure drop through the valve will lower the header 
pressure, and the controller output will change. 

Each independent user or group of users is supplied through a fail-closed linear globe 
valve. No more than three split-ranged control valves should be used; more complex 
arrangements require special control. The positioners would be calibrated for the ranges 
15-20,9-15, and 4-9 m A, with the highest range for the lowest priority user. Figure 11.44 
does not take into account the requirements to vent gas or to transmit information to 
the users. 
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FIGURE 11.44. Hydrogen users priority selection. 


After operation is established, the proportional band should be adjusted to match 
the pressure in the header with the hydrogen flow. 


11 A3. Diaphragm-Cell Hydrogen Systems 

The differential pressure in a diaphragm cell is kept low to avoid the migration of 
hydrogen through the diaphragms and into the chlorine. It is also true that conven¬ 
tional diaphragm cells are not capable of operating under any useful positive pressure. 
Many cells operate at very low positive ('^1-2 mm w.c.) or even negative pressure, and 
this increases the complexity of control. 
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11.4.3.1. Cell Room. The maximum pressure accepted in the hydrogen header does not 
permit use of a control valve on the low*pressure vent. A specially designed water seal 
(Section 11.4.2.1 A) with an adjustable level is used instead. Figure 11.45 is a typical 
design. It can be used in conjunction with a throttling valve controlling the hydrogen 
going to the compressors. The control valve typically is a fail-closed V-ball valve. The 
pressure transmitter is a d/p cell mounted on top of the hydrogen header as it leaves the 
cell room. The controller is direct-acting with proportional and integral control functions. 

The pressure switches produce signals as long as the operating pressure is in the 
safe range. If either switch detects a low pressure, no signal passes the AND gate. This 
causes a compressor shutdown. 

The hydrogen line to the automatic seal pot contains a full-diameter U-shaped 
section. When the compressors are operating, this is filled with water to isolate the 
seal pot. 



FIGURE 11.45. Diaphragm-cell hydrogen header pressure control. 
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11 A, 3,2. Hydrogen Compressors, Except for lower instrument ranges and a lower suc¬ 
tion pressure setting, controls here are the same as those described in Sections 1 L4.2.5. 
The procedure for beginning transfer of hydrogen to the compressors is more complic¬ 
ated. With the compressor(s) operating on nitrogen under full recycle, the valve is opened 
slowly, allowing hydrogen to enter the compressor system. The nitrogen is purged from 
the system, and when about one half of the hydrogen flow has been transferred to the 
compressors, the cell room header pressure controller is put onto automatic. The set 
point is at a low value until the loop before the low-pressure seal is filled with water. 

Safety interlocking is as previously described. If the compressors stop for any 
reason, the cell room emergency pressure seal blows and relieves the pressure until the 
low-pressure control vent can be put back into operation. 


11.5. CAUSTIC SYSTEMS 

The caustic systems for the three different methods of production are entirely different 
from each other and are discussed separately in this section. Evaporation is the subject 
of Section 11.6. 


1L5.L Mercury-Cell Caustic Systems 

In the mercury cell, the alkali metal ion combines with the mercury to form an amalgam 
that flows by gravity into a decomposer. Here, the amalgam reacts with water to form 
caustic, releasing hydrogen in the process. 


77,5.7.7. Decomposer Operation, Decomposers are designed to promote good contact 
between the amalgam and the feed water and to allow the release and collection of the 
hydrogen. Decomposer, amalgam, and mercury are in contact with each other and with 
the cathode of the cell. They all are at the same potential. After reaction of the amalgam 
and the water, denuded mercury from the outlet of the decomposer is pumped back to 
the inlet of the cell. 

The concentration and quality of the caustic produced in a mercury cell depend 
entirely on the flow rate and quality of the water fed to the decomposer. The use of 
demineralized water is standard. The caustic and hydrogen produced in the decomposer 
are quite hot. Some of the water thus evaporates and leaves with the hydrogen gas. 

Conventional instrumentation is a rotameter on the demineralized water feed, with 
a manual valve for adjustment of the rate. Magnetically coupled flow indicators will not 
work properly in the strong electrical field of the cell room. The density of the caustic 
solution is measured with a nickel hydrometer. The hot, strong caustic would quickly 
destroy a conventional glass instrument. 

A slightly more automated method would be to feed the water to each rotameter from 
a pressure-controlled header system (Fig, 11.46). The pressure would be measured with a 
diaphragm seal connected to a transmitter with a filled capillary. The control valve would 
be a fail-open globe or V-ball valve with equal percentage characteristic. The controller 
would be reverse-acting with proportional and integral action. This arrangement allows 
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FIGURE 11.46. Water feed to amalgam decomposer. 


simultaneous adjustment of the water flow to every cell by changing the pressure on the 
header. This is similar to the approach sometimes taken to control the cell-room brine 
flows (Section 11.2.2.4D). Caustic flows from the decomposers by gravity through seal 
loops to a collection header. The seal loops require atmospheric vents. Pressure surges 
in the hydrogen system can cause splashes of hot caustic from these loops. 


11,5.1.2. Caustic Product Handling. The cell room collection headers carry the caustic 
to a pump tank from where it is transferred to storage before the filters. Figure 11.47 
shows two methods of control of this operation. If the pump tank level is controlled 
by continuously throttling the discharge from the transfer pump, as in part (a), there 
is sufficient head to measure the flow with a Coriolis mass flow meter. This type of 
meter allows simultaneous measurement of the solution density, which represents the 
caustic concentration. If on-off control is used, as in part (b), there may be enough head 
available in the headers for the use of magnetic flow meters. These would have to be 
placed outside the influence of the cell-room field. In either case, caustic flow should be 
recorded and integrated to give the first measure of the production rate. Combination of 
flow and concentration signals can give the production rate directly. 

Pumping must be from a redundant system with a UPS, because the collection 
tank usually has little extra volume and can easily overflow. A high-high level switch is 
normally used to activate the standby pump. 

Filtration of the caustic is not discussed here. Several different types of filters 
are used successfully for the removal of mercury from the caustic. Each has its own 
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Caustic Pump Tank 



FIGURE 11.47. Operation of caustic pump tank, (a) continuous operation and (b) on-off operation. 

control requirements, but most are similar to the systems used to control brine filters 
(Section 11.2.2.3). 

Most caustic storage systems require some form of freeze protection, and the 
normal approach uses steam coils or bayonet heaters. The steam is regulated with a 
self-contained temperature control valve with a capillary system and sensing bulb in a 
nickel thermowell. 

11.5,2. Diaphragm-Cell Caustic Systems 

11.5.2.1. Diaphragm Cell Level Control. There is no external feed of fluid to the 
catholyte in a diaphragm cell. Partly electrolyzed brine flows through the diaphragms 
instead, and the resultant catholyte, containing both NaCl and NaOH, is referred to as 
“crude caustic” or “cell liquor.” Hydrogen evolves from the cathodes located on the inside 
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surfaces of the diaphragms, and it collects inside the cathode chamber above the cell 
liquor. Section 5.4.2 describes the conventional vertical diaphragm cell, and Figs. 5.22 
and 5.23 show typical assemblies. 

With only one input stream to the cell, independent control of anolyte and catholyte 
levels is impossible. Section 8.4.2.1 describes the mode of operation, which depends on 
an adjustable overflow leg for manual control of the catholyte level. The anolyte level 
remains above the catholyte level by an amount fixed by the flow rate and the hydraulic 
resistance of the diaphragm. It is this level that must be maintained safely above the top 
of the diaphragms. 


77.5.2.2. Cell Liquor Collection Tank. Cell liquor, gathered from the individual cells 
into piping headers, flows by gravity to a collection tank. Since diaphragm cells 
customarily are installed at grade, the collection tank is normally below grade. 

The control arrangement is quite similar to that used with mercury cells and shown 
in Fig. 11.47. The pumps can be controlled by an on-off controller set by high- and 
low-level switches in the tank, as in part (b) of the drawing. A technically better method, 
as in part (a), is to control the level with a throttling valve on the pump discharge. 

The location and elevation of the collection tank will determine the type of level 
instrument to be used. It may be a flush diaphragm d/p cell or a nickel displacer gauge. 
The controller should be reverse-acting with proportional and integral functions. The 
control valve can be a fail-open PTFE-lined butterfly valve. It is not called on to control 
at nearly closed positions. Throttled level control allows the use of a magnetic flow meter 
to measure the flow of cell liquor to the storage tanks. In a large plant, flow rates may 
be too high for the use of a standard Coriolis meter. 


77.5.2.3. Cell Liquor Storage Tank. The next step in the caustic process is evaporation 
of the cell liquor. The liquor from the collection tank may be pumped directly to the 
evaporators or may first be sent to storage. Here we consider the requirements of the cell 
liquor storage tanks. These will be rather large (Section 9.3.6), low-pressure vessels. They 
should be protected by combination pressure and vacuum relief devices (Fig. 11.48). 
Sizing should consider the worst cases of vapor release and pumpout plus condensation 
rate. Normally, these are set by the pumping rates in and out, but improper steaming and 
rapid cooling have ruined a number of vessels. 

Tank level measurement relies on nickel or Monel flush diaphragm d/p cells or 
nickel float-type indicators. Figure 11.48 shows both types. 


77.5.3. Membrane-Cell Caustic Systems 

Membrane-cell caustic systems that require the dilution and recirculation of product to 
the cells are the most complex. Some operate with the direct addition of water, but this 
section is based on the more comprehensive case. 


77.5.3.7. Caustic Circulation Tank. The catholyte tank, or caustic circulation tank, col¬ 
lects the caustic from membrane cells (Fig. 11.49). It also allows the release of entrained 
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FIGURE 11.48. Diaphragm-cell liquor storage tank. 
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FIGURE 11.49. Membrane-cell caustic circulation tank. 
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hydrogen. A set of circulation pumps passes the caustic through dilution and cooling 
systems to the cell feed header. While many systems remove the net caustic production 
from the discharge of these pumps under tank level control, another option shown here 
is the use of a separate set of product pumps. The caustic withdrawn goes to storage or 
to the evaporation system. 

The circulation tank operates at the pressure of the cell-room hydrogen header. 
When the rectifiers stop for any reason, nitrogen enters the vapor space of the tank to 
prevent development of an explosive environment or a vacuum due to vapor cooling. 
Excess gas vents through the hydrogen seal pot. The tank may be vertical, as shown, or 
horizontal. 


11.5,3.2. Caustic Product Handling. The caustic removed from the electrolysis system 
may pass on through a cooler to storage tanks or directly to the evaporator system. 
Figure 11.50 shows the control of this transfer from the circulation tank. 

Since the circulation tank rides on the hydrogen header, as in Fig. 11.49, pressure 
compensation is necessary for accurate measurement of the level. The level instrument 
uses a dual remote diaphragm seal system on a d/p cell. The lower diaphragm is connected 



FIGURE 11.50. Transfer from caustic circulation tank. 
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to the tank near its bottom, and the upper diaphragm is mounted above the maximum 
liquid level near the top of the tank. The direct-acting controller, with proportional and 
integral functions, provides a split-ranged signal to two fail-closed nickel globe valves. 
The positioner on the valve in the line to the evaporators is calibrated for 4-12 mA. Its 
purpose is to restrict the flow to the evaporators if their demand becomes excessive. The 
positioner on the other valve is calibrated for 12-20 mA. The valve directs any caustic not 
taken by the evaporator to the storage tanks. The normal operating level should be low 
enough to allow the electrolyzers and discharge header(s) to drain without overflowing 
the tank. 

The most common product caustic flow instrument is a PTFE-lined magnetic flow 
meter with nickel electrodes. The flow signal should be integrated to measure total 
production. A Coriolis mass flow meter, also nickel, will give more precision if desired. 
Two mass flow meters can be used in parallel if one is too small to handle the flow. Again, 
flow from the system is recorded and integrated to provide a measure of the production 
rate. 


11,53.3. Recirculated Caustic Feed to Electrolyzers. Most membrane cells operate at 
30-35% caustic with a slightly lower feed caustic concentration. Thus, most of the caustic 
collected from the cells is diluted, cooled, and recycled to the cells. The circulating pumps 
must continue to run in case of a power failure and so should connect to a backup power 
supply. 

The strength of the caustic solution, as noted above, is often indicated by its 
density. The most successful analyzer of this type uses the vibrating U-tube principle. 
Figure 11.51 shows this type mounted in a small sample pipe from the discharge of 
the caustic circulation pumps. A small Coriolis-type mass flow meter can also be used, 
since a density readout is available in most models. With its reading converted to product 
strength, the range of the instrument should be about 5% (w/w), centered on the desired 
strength. The sample stream returns to the circulation tank. 

Measurement of the dilution water flow is by a vortex or magnetic meter, designed 
not to contaminate the high-grade water required by the process. Control should be by a 
fail-closed globe valve, preferably all PTFE-lined, again to minimize contamination. An 
equal percentage flow characteristic is preferred, with the valve sized for a pressure drop 
of about 100 kPa. A three-way solenoid should be installed in the air line to the diaphragm. 
When de-energized, it will vent the diaphragm chamber and close the valve. The flow 
controller is reverse-acting with proportional and integral control action. Some plants 
use simple flow controllers that are reset manually as necessary to maintain cell product 
concentration. More advanced strategies rely on density control of the diluted caustic to 
regulate the concentration entering the electrolyzers or use the rectifier amperage signal 
passed through a multiplier to set the dilution water flow rate. Figure 11.51 assumes the 
latter. There should be some positive means of stopping the flow of water whenever the 
rectifiers go off line. 

Section 12.7.2 will discuss techniques for connecting utilities to the process. These 
include methods for preventing backflow when check valves are not sufficiently reliable. 
Figure 11.51 assumes the use of a d/p switch set to open if the water pressure is less than 
15 or 20 kPa above the caustic pressure. Opening the electrical contact cuts the power to 
the solenoid mounted on the control valve and forces it to close. 
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Cooling the circulating caustic removes the excess heat produced in the 
electrolyzers. The temperature control system of Fig. 11.52 is a cascade system with the 
secondary control sensing the temperature of the caustic leaving the cooler. The trans¬ 
mitter uses a RTD sensor in a nickel thermowell. The control valve should fail open. A 
good turndown is necessary, and so a globe or V-ball style is suitable. The secondary 
portion of the cascade controller is reverse-acting with proportional and integral func¬ 
tions. In the drawing, its set-point signal comes from the primary transmitter measuring 
the caustic temperature in the header going to the caustic circulation tank. Transmitter 
and controller characteristics are similar to those in the secondary loop. Some plants use 
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FIGURE 11.52. Circulating caustic temperature control. 


an open-loop control here, with no automatic feedback from the cell exit temperature. 
The operators reset the temperature controller as necessary. 

The caustic flow to the electrolyzer feed header is measured and monitored to ensure 
that there is always a flow to the cells. Magnetic flow meters are standard. The low-flow 
switch depicted in Fig. 11.53 starts a delay timer when it trips. After the delay set on the 
timer, the rectifiers will shut down. If the caustic flow recovers in time, the timer resets 
automatically. 

Figure 11.54 shows that the feed header is controlled at a selected pressure so that 
adjustment of the feed rate to any one electrolyzer does not affect the other flows. The 
pressure is measured with a Monel or nickel diaphragm seal connected to a pressure 
transmitter with a capillary system. The fail-open throttling valve is an all PTFE-lined 
butterfly, controlled by a reverse-acting, proportional-plus-integral controller. Control of 
the caustic flow to individual electrolyzers is by way of hand valves and local rotameters. 
This is similar to the arrangement described for brine feed and shown in Fig. 11.11. Again, 
bipolar systems are amenable to more complete automation. 
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FIGURE 11.53. Circulating caustic flow monitoring. 
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FIGURE 11.54. Circulating caustic feed header. 
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1L6. CAUSTIC EVAPORATION SYSTEMS 
1L6.L Membrane-Cell Caustic Evaporation 

This section describes the controls for a triple-effect membrane-cell caustic evaporator. 
Section 9.3.3.1 explains some of the reasoning behind the selection of the number of 
effects and the progression of flow of caustic through the evaporators. To illustrate the 
control systems here, we assume backward feed of the caustic. 

Multiple-effect evaporators are very complex, with many interactions among the 
variables. The evaporators will adjust to operate at the inlet and outlet conditions imposed 
on them, but intermediate conditions cannot be controlled, nor would there be any great 
advantage in doing so. 

Membrane-cell caustic is produced at a strength of 30-35% and, compared to 
diaphragm-cell liquor, needs little evaporation to concentrate it to 50%. Unit size and 
energy considerations will determine whether two or three effects are used. 


1L6JJ, Packaged Instrumentation. Most evaporation systems are supplied by special¬ 
ist companies, and many are in the form of packaged units that include instrumentation. 
Section 13.5.4 discusses some of the advantages and disadvantages of this approach. The 
customer must ensure by means of the unit specification that the instruments supplied 
will be of acceptable quality. Many purchasers specify types of instruments and accept¬ 
able vendors in order to conform to practice in other units on the plant. As a minimum, 
the purchaser should retain approval rights on all the instruments. 

The type and location of the controllers also require a decision by the purchaser. 
Most plants will have a central DCS. Packaged units often come with their own PLCs, 
and Section 13.5.4 also discusses the relative merits of these two approaches. It is perhaps 
becoming more common for purchasers to specify that the evaporator system controls 
will be part of the DCS. The evaporator manufacturer then must supply information on 
the functional requirements of the controllers and list all necessary inputs and outputs 
(I/O) so that the customer can provide sufficient DCS capacity. This requires close 
conununication between the two parties. 


11.6.1.2. Production Rate Control. The primary obj ectives of evaporator control system 
design are to produce caustic at the desired rate and strength and to have a stable operation 
with minimum oscillations. Ideally, one would select the production rate of 50% caustic 
and let the steam flow and liquor feed rates be adjusted by the automatic controls to keep 
the evaporator system at a steady state. This is the basis of Fig. 11.55. The product is 
removed under flow control. Fresh feed of weak caustic and transfers between effects 
are under control by the level in the receiving effect. Finally, steam responds to the 
concentration in the first effect and so maintains the heat balance. Section 11.6.1.4 
describes the details of concentration measurement. Measurement of the steam flow 
is necessary for evaporator calculations and diagnosis of the operating problems. This 
measurement may also be integrated for accounting purposes. 

To prevent weak product from going to storage during startup, this arrangement 
requires recycle until the first-effect concentration builds up. Steam flow control would 
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FIGURE 11.55. Evaporator control based on product flow. 

be manual during this time. Even after reaching normal strength and adopting automatic 
operation, any correction to the product concentration would require a change in the 
steam flow. This would then change the concentrations in the second and third effects, 
leading to upsets in product concentration as the disturbances were transferred to the first 
effect. The result would be continuous oscillation in all variables and the deterioration 
of control. 

Any strategy that requires the steam flow to respond to another process variable may 
result in poor control. This is because a change in primary steam flow affects vapor flows 
and liquor strengths in all effects. Process feedback from these changes causes further 
upsets. Given freedom of choice, the best way to control the feed to the evaporators is 
by controlling steam flow to the first effect, as in Fig. 11.56. The caustic feed would still 
respond to the level in the third effect. Transfer to the second effect would continue to 
respond to the level in that effect. Since the operating rate of the system is set by the steam 
flow (in combination with the feed concentration), the action of the level controller on 
the first effect changes to fix the product flow rate. Transfer from the second to the first 
effect then depends on the concentration measurement. While not directly controlled in 
this option, the product flow still is recorded and integrated. These two functions should 
always be part of the instrumentation system. 

The steam flow should be measured with a vortex-shedding meter. The linear char¬ 
acteristic of such meters provides greater rangeability. A fail-closed steel globe valve 
with an equal percentage characteristic and a positioner should be used. The controller 
would be reverse-acting with proportional and integral control functions. 

11,6.13, Weak Caustic Feed. Weak caustic flows to the third effect either directly 
from the cell caustic collection tank transfer pumps or from the evaporator feed pumps 
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FIGURE 11.56. Evaporator control based on steam flow. 


at the weak caustic storage tank. It enters the third effect under level control and is 
then transferred to the second effect to maintain the level in that vessel. The preferred 
instrumentation includes double remote flush seals connected to a d/p cell with capillary 
systems. The control valves are fail-closed globe or butterfly types, depending on the 
size required. They can be all PTFE-lined, with nickel as an alternative in the case of 
globe valves. The control valves should be supplied with positioners, and the controllers 
should be reverse-acting with proportional and integral functions. 

To keep design of the caustic storage tank economic while preventing contamination 
of the product and corrosion of the equipment, any solution sent to the tank is cooled 
before entry. Figure 11.57 shows a typical arrangement. One split-range control system 
handles withdrawal from the collection tank in the cell room, and a second handles 
transfer to the evaporators. The system on the left-hand side of the drawing responds 
to the level in the collection tank, and the control valves are those shown in Fig. 11.50. 
The right-hand side responds to the level in the third effect, and the control valves are 
those shown in Fig. 11.55 or 11.56. For energy economy, as much liquor as possible 
should flow directly to the evaporators. Accordingly, the low-signal ranges of these 
systems direct the caustic through the valves on the top line that bypass the storage tank 
(LV-1/15 and LV-1/16). When the evaporator demand is low, the second of these valves 
begins to throttle. The first bypass valve (LV-1/15) then goes wide open, and the valve 
to the inlet of the storage tank (LV-2/15) opens in order to keep control of the level in 
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FIGURE 11.57. Caustic storage and evaporator feed controL 


the cell-room tank. When the evaporator demand is high, LV-1/16 goes wide open in an 
attempt to maintain the level in the evaporator. However, LV-1/15 then throttles transfer 
from the cell-room tank in order not to deplete its level. The fourth valve (LV-2/16) then 
must open to allow transfer of caustic from the storage tank to the evaporator. 

The flow rate to the evaporators is measured by a magnetic meter in the piping after 
the two streams combine. This signal should be recorded and integrated. 


1L6,L4, Product Concentration Control Product concentration is one of the most 
important evaporator system control parameters. It can be determined from the solution 
density, as assumed in the discussion above, or the boiling point rise (BPR). 

The density of a caustic solution depends on its temperature and its concentration. 
The density reading, therefore, must be temperature-compensated. Vibrating U-tube 
meters fabricated in nickel give good service. Coriolis-type mass flow meters with density 
readout are an alternative. It is important to keep the density instrument above the freezing 
point of the solution being measured. Solidification of the product can seriously damage 
these instruments. 

The BPR is the difference between the boiling temperature of the caustic solu¬ 
tion and the boiling (or condensing) temperature of pure water at the same pressure. 
It is a strong function of concentration and a weak function of operating pressure 
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(see Appendix). The first requirement in establishing the BPR is to measure the 
temperature and pressure of the boiling solution. This is done routinely and conven¬ 
tionally in all evaporators. The preferred method for measurement of pressure is by 
a diaphragm-sealed absolute pressure transmitter on the evaporator body. Now, some 
measurement of the boiling point of pure water is necessary. One technique, since the 
overhead vapor is essentially pure water, is to measure its condensing temperature in 
the overhead piping or in a condenser. This has been used widely, but it can be difficult 
to ensure that the temperature instrument is measuring the true condensing temperature 
at the pressure of the evaporator effect in which the vapor was generated. Present-day 
digital technology, however, allows direct calculation of the BPR from evaporator oper¬ 
ating conditions. Figure 11.58 shows the logic used in such a system. The operating 
pressure is used to calculate the boiling point of pure water. Comparison with the actual 
temperature gives the actual BPR, and this determines the solution concentration. There 
may be a direct algorithm, or the calculation may proceed through a pressure correction 



FIGURE 11.58. Caustic evaporator product concentration control. 
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to give the BPR at atmospheric pressure. The calculated concentration is the value sent 
to the controller. The drawing assumes that the controller operates on the transfer from 
the second to the first effect. This is the option used in Fig. 11.56. 

One standard arrangement for concentration control, shown in Fig. 11.59, is to 
connect the controller to the product outlet valve. Level control in the first effect is 
then by transfer of solution from the previous liquor effect, which in our backward-flow 
case is the second effect. This arrangement has a particular advantage during startup 
because no product is allowed to leave the evaporator system until the final concentration 
reaches its set point. However, the concentration and level then go into oscillation very 
easily, as in the response chart below the drawing. The fundamental problem is that the 
introduction of fresh liquor is the means of adjusting both the level and the concentration. 
Level responds immediately and directly, but concentration lags. The problem can be 
resolved by reversing the concentration and level arrangements so that concentration 
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FIGURE 11.59. Concentration control byproduct withdrawal. 
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controls the dilute liquor feed valve and level controls the product discharge valve, as 
in Fig. 11.60. This is essentially the recommended system shown in Fig. 11.56. In 
this arrangement, the dilute liquor flow changes until the concentration reaches the 
correct value. Any accompanying change in level is corrected by changing the product 
outlet flow. 

Since the latter arrangement is inferior during startup, a modified approach is to 
combine the two strategies with the use of a selector switch. One position is used for 
“startup” and the other for “normal operation.” Figure 11.61 shows the combination. 
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FIGURE 11.60. Concentration control by liquor feed. 











1166 


CHAPTER 11 



FIGURE 11.61. Concentration control for startup and normal operation. 


There is a signal-reversing device between the level controller and the dilute liquor feed 
valve. This is necessary because the response of the valve to the control signal must 
change whenever the mode of operation changes. The product discharge valve responds 
in the same way in both modes, opening with higher signals. 


7 7.6.2. Diaphragm-Cell Caustic Evaporation 

There are two major differences between diaphragm- and membrane-cell caustic evap¬ 
oration. Diaphragm-cell liquor is much lower in caustic content (and therefore consumes 
more steam) but contains large amounts of dissolved salt, which precipitates during the 
evaporation process and must be handled in slurry form. Section 9.3.3.3 covers this 
subject in detail. 

Control system strategies are the same for both types. Diaphragm-cell evaporators 
may contain four effects and are more likely to have a mixed-flow configuration. Output 
is usually controlled by the primary steam flow, and the density control system can switch 
from startup to normal operation in the manner described above. 

The slurry produced in the evaporators must be kept at the appropriate solids concen¬ 
tration to ensure its pumpability. The suspended solids content of a solution in an agitated 
vessel can be measured by an extended diaphragm d/p cell inserted into a 100-mm 
nozzle. The upper connection must be below the liquid level and purged with soft water 
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FIGURE 11.62. Slurry density measurement. 


(Fig. 11.62). The differential pressure is a measure of the pseudo-density including the 
suspended solids. 

The salt is of excellent quality. Section 9.4.1 discusses its applications. 
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Utilities 


12.1. INTRODUCTION 

This chapter considers the major utility systems in a chlor-alkali plant. These include 
electricity (Section 12.2), steam and condensate (Section 12.3), the various water systems 
(Section 12.4), air and nitrogen (Section 12.5), and, for convenient grouping, vacuum 
(Section 12.6). Finding the best basis for a discussion of utilities in a work such as this is 
difficult. A comprehensive description is impossible in a reasonable amount of space, and 
in any case it is undesirable where the emphasis is to be on chlor-alkali technology itself. 
Our approach is to discuss the individual utilities from the standpoint of a chlor-alkali 
plant operator while avoiding the complexities of such things as steam boilers. 

While all utilities are essential to operation, electricity has the greatest cost impact. 
Still, our discussion of the incoming electrical supply here is brief. Handling and trans¬ 
mission of alternating current within the plant are conventional, and the reader is referred 
to the standard literature and equipment suppliers’ publications. The distinguishing fea¬ 
ture of chlor-alkali technology is the presence of large-scale rectification. Discussion of 
this aspect is more important in a work on chlor-alkali technology, and we have covered 
it in Chapter 8 on cell room design. 

Steam is used in the largest quantities in the evaporation of caustic and, sometimes, 
brine. A system for the collection and reuse of steam condensate goes hand-in-hand with 
steam supply. In this chapter, we also consider the use of steam as a source of mechanical 
power. This is of growing importance as more of the industry adopts cogeneration. 

The discussion of water systems includes the most basic treatment of raw water 
supplies to allow them to serve as plant utility water. More advanced treatment to allow 
higher-grade uses follows. Evaporator process condensate is included as a special grade 
of purified water. The most detailed discussions are those dealing with cooling water 
and chilled water. 

Air systems include compressed air as a plant utility and refined versions for more 
specialized uses. These include instrument air and breathing air. Of particular signific¬ 
ance in a chlor-alkali plant is a supply of dry air for use in the chlorine processing section. 
An alternative to dry air is nitrogen, which also serves as an inert gas in the hydrogen 
plant and sometimes in chlorine liquefaction and tail-gas handling. For convenience, we 
include the discussion of nitrogen in the section on air systems. 
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Important users of vacuum include evaporators and dechlorination systems. Lower 
levels of vacuum are useful in brine sludge filtration and in clearing lines and equipment 
for maintenance. 

Utility pipelines are a special case in any plant. There is a general discussion 
of utility piping systems in Section 12.7. This section describes some of the features 
which one should provide in connections between utility supply and process piping or 
equipment. 


12.2. ELECTRICITY 

The overriding importance of electricity in chlor-alkali production stems from the huge 
direct-current (DC) power demand. Some of the special considerations around the con¬ 
version of power to DC and its distribution within the cell room have already been 
covered in Section 8.3. The primary power supply and its transformation and distribu¬ 
tion are much the same as in any other process plant. The incoming supply is as alternating 
current, with 50 and 60 Hz being by far the most common frequencies. Voltages usually 
are in the thousands—10-30 kV being typical for small plants, but 200 kV and over 
applying in large plants. For supply of the rectifier transformers, the incoming supply 
voltage may be suitable, or it may be necessary first to transform it on site to a lower 
voltage. For other plant supplies, transformation to a lower supply voltage is invariably 
necessary. 

Three-phase power is used almost exclusively as the major source of mechanical 
power and in plant lighting, but some single-phase circuits also exist. Most plants have a 
three-phase high-voltage distribution system at 2-5 kV. This is frequently used directly 
on large drives. For many other applications, voltage is further stepped down to 200- 
500 V three-phase. Low-voltage single-phase circuits usually follow local practice for 
domestic supplies, in the 100-250 V range. Instrument wiring, especially in intrinsically 
safe circuits, is a special category, with voltages below 30. 

Incoming voltage and amperage are always measured. A properly connected volt¬ 
meter and ammeter can measure single-phase power. The power in a three-phase circuit 
can be measured by placing a single-phase wattmeter, again properly connected, in each 
phase and adding the readings. Comparing the result with the line voltage and current 
allows calculation of the power factor (PF). The same power reading results when using 
only two wattmeters if each is connected back to the line on the third phase. The PF 
can be calculated as above or without reference to the voltmeter and ammeter. The latter 
method uses the asymmetry of the readings of the two wattmeters. If the lower of the 
two readings is a fraction w of the higher, the reciprocal of the PF is given by 

L=.yi+3[(l-u;)/(l+«;)]2 (1) 

Integration of the amperage and power readings over time gives the ampere-hour and 
watt-hour consumptions of the plant. 
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12.3. STEAM AND CONDENSATE 

12.3. L Steam Systems 

Boiler design and operation are highly specialized subjects that require the attention of 
experts and specially trained operators. Rather than present an inadequate summary of 
the many factors involved, we refer the reader to suppliers of equipment and services 
and to the voluminous literature. 

Steam is usually made available at two or more different pressures. It is the primary 
source of thermal energy in a chlor-alkali plant, as it is in most plants in the process 
industries. It also serves as a source of mechanical energy. Some of the important uses 
are listed below, with a general indication of the pressure level appropriate to each 
(L = low, M = medium, H = high). 



Pressure Level(s) 

Thermal Application 

Brine processing 

Heating 

L,M 

Evaporation 

L,M 

Chlorine processing 

Vaporization 

L 

Bottoms distillation 

L 

Condensate stripping 

L 

Caustic processing 

Heating 

L,M 

Evaporation 

M,H 

Purification 

M,H 

Plantwide 

Tracing 

L 

Building heat 

L 

General utility 

L,M 

Purging (equipment and lines) 

L 

Mechanical Application 

Ejectors 

M,H 

Turbine drives 

H 

Cogeneration 

H 


The process requirements for steam vary widely, depending on the types of cell 
being used. Most mercury-cell plants are not major consumers of steam. With dia¬ 
phragm and membrane cells, most of the process steam goes into the evaporation of 
cell liquor to concentrated caustic. Diaphragm-cell plants are therefore the largest steam 
consumers, and membrane-cell plants are the intermediate case. While the range is 
quite large, depending on supply pressure and the number of evaporator effects used, 
steam consumption in a diaphragm-cell plant is often about 2.5 tons per ton NaOH. In a 
membrane-cell plant, it might be 0.5 tons per ton NaOH. Purification of diaphragm-cell 
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caustic to remove dissolved salt adds even more to the steam load, while the use of a 
brine evaporator to avoid the need for the purchase of solid salt adds to the load in the 
mercury- and membrane-cell plants. 

Steam pressures applied to first-effect evaporators vary from low levels up to about 
2,500 kPa, the high values applying in the first effects of quadruple-effect diaphragm¬ 
cell plant evaporators. Even nickel corrodes slowly at these conditions. Section 9.3.2.1 
discusses the problem. 

Evaporation process design and the characteristics of caustic evaporators are 
covered in Section 9.3.3. The unit cost of steam is a major factor in deciding the number 
of effects to be used in evaporation. Costing of steam is often somewhat arbitrary, as 
when low-pressure exhaust steam is available or when a plant has its own cogeneration 
system. Reducing the consumption of cogenerated steam (Section 12.3.3) when more 
electrical energy must be purchased (or less sold) may save very little money. 

High-pressure steam may also serve as a driver for turbines. Chlor-alkali plants, 
which are usually placed in areas of low electrical power cost, are less likely than most 
other types to justify the use of steam-turbine drives but still may use them as a backup 
source of power. Furthermore, one of the ways to cope with a major electrical failure 
is to use steam to operate critical drives until all systems are shut down or electrical 
power is restored. An example of a critical service is the caustic circulation pump on 
the emergency vent scrubber. A spare pump is always necessary, and it should have an 
independent source of power. One way to accomplish this is with a steam-turbine drive. 
Other services may also be considered critical for personnel safety or process security. 
The latter is especially true in a membrane-cell plant, where some systems are vital for 
the protection of the membranes from damage. 

Trouble-free generation of steam requires water of high quality. The characteristics 
of boiler feed water and methods for its production are covered below in Section 12.4.3.3. 
This water is fed to the boiler(s) on demand. The simplest way to control the addition of 
water is from a level instrument in the steam drum. This approach has a certain amount 
of inherent instability. When (cold) water is added to the drum in response to a demand 
from the level controller, some of the bubbles present in the liquid will collapse. The 
level will go down, and the controller will call for even more water. In the opposite case, 
when the level rises and the water flow is reduced, more bubbles will form and the level 
will increase, causing the controller to call for less water. The process itself is supplying 
positive feedback. 

The control characteristics are improved when a steam flow rate measurement is 
added. The water feed rate then responds to some combination of steam flow and drum 
level. Basing the control partly on the steam flow offsets the positive feedback and 
reduces fluctuations in the supply. Addition of a direct flow controller on the water 
feed pump output is another elaboration. This would be reset by the outlet steam flow. 
It provides some feedforward control, which is useful in the presence of severe load 
swings. 

The simplest control scheme is acceptable when fluctuations in the steam rate are 
minor and when the ratio of water inventory in the boiler to steam production rate is high, 
making the system less sensitive to fluctuations in demand. The latter is more likely to 
be true when fire-tube boilers are used. The choice of control system depends on the 
individual plant characteristics. Chlor-alkali plants tend to have consistent demands for 
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Steam, with few major unexpected changes in rate. Boiler control schemes therefore may 
be less elaborate than those found in other industries. 


12.3.2. Steam Condensate 

Steam condensate is a valuable resource. It has considerable thermal value and some 
potential uses in the process. However, intensively treated boiler feed water must replace 
any condensate lost from the system. Accordingly, most plants have systems to capture 
most of the condensate and return it to the boilers. With steam distributed at several 
different pressures, it is also possible to allow condensate collected at one pressure to 
flash down to a lower pressure and in the process form more steam at the lower pressure. 
Steam is often available at the evaporators well above its condensing pressure, in which 
case it is worthwhile to install a desuperheater. Condensate is a good source of the 
coolant. 

Most condensate leaves the steam side of the process through steam traps. The 
chlor-alkali process places no special requirements on the types of trap used, and normal 
good industry practice should prevail here. Condensate return piping is designed for 
lower pressure drop than most liquid lines because of the vapor volume that would be 
generated as the pressure falls. This flashing complicates line sizing, and the designer 
should use the assistance of condensate system suppliers and their literature. 

Plain carbon steel pipe is used in condensate service, but items such as pump parts, 
valve trim, and exchanger tubes should be copper or a copper alloy. Copper is used for 
tubing and bronze for pump shafts and glands. 

The installation of pumps requires special care to provide enough suction head to 
avoid cavitation. The net suction head can disappear if a pump generates too much heat 
in the condensate. It is important to maintain enough flow through the pump at all times 
to prevent this. Minimum flow can be provided by recycle controlled by an automatic 
valve or by placing an orifice assembly in a recycle line. As a rule of thumb, a flow of 
1 m^ hr“^ is necessary for each 12kW of input if the temperature rise is to be kept to 
10°C. The recycle flow must be cooled or go into a heat sink such as a condensate hotwell 
or boiler feed deaerator. A simple recycle into the pump suction line is inadequate. 

When condensate returns to a boiler, it may be contaminated by pipeline corrosion or 
with process materials. Likely sources of the latter include exchanger leakage and poorly 
installed process tie-ins. Carbon dioxide and oxygen are the chief causes of corrosion in 
steam and condensate systems. Section 12.4.3.3 discusses the treatment of boiler feed 
water to remove these contaminants, as well as hardness. 

Hydrazine is one example of a treating agent, but any unreacted material that 
enters the process is possibly a precursor of nitrogen trichloride. Another is a form 
of sodium sulfite, a compound that is also used as a reducing agent in brine dechlorina¬ 
tion (Section 7.5.9.3 A). Since the mechanism of the reaction is different here, proceeding 
by way of an ion-radical, the sulfite often contains promoters [1]. These would make it 
less desirable as a brine-treating agent, and plants that use both grades of sulfite should 
keep them separated. 

The presence of amines or any other nitrogen-containing residue in steam condens¬ 
ate restricts its use in process applications. This is especially so when these impurities 
enter the cells or the chlorine process and eventually form NCI 3 (Section 9.1.11.2). 
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123.3, Cogeneration Systems 

The classical approach to energy supply in the process industries has been to purchase 
electrical energy from a utility supplier and to generate thermal energy on site by combus¬ 
tion of a fossil fuel. This situation arises primarily from the relative ease of transportation 
of the two forms of energy. Cogeneration, on the other hand, is a process in which both 
forms are derived from a single primary energy source. The major driving force for the 
adoption of cogeneration is energy economy. A heat-engine-based electrical generator, 
for example, rejects heat to the atmosphere if operated as a stand-alone unit. Some of the 
rejected heat can always be used in the thermal energy supply system without adding to 
the fuel requirement. 

In many cases, generation of one form of energy is the principal goal, and the other 
form is treated as a by-product. In others, both types of energy are essential products. 
The smaller need then determines the design capacity of the cogeneration system, and 
the other form of energy must be supplemented by other means. In all real cases, the 
power and heat demands vary continually. The cogeneration system most probably will 
not be able to match all these variations. The ability to sell excess electrical power onto 
the local grid is an important advantage in such cases, and it has been an important factor 
in the justification of a number of systems. These and many other factors enter into the 
decision of whether a cogeneration system is the right choice for any plant [2]. 

Some of the important factors in selection of a cogeneration system are: 

1 . capacity range 

2 . efficiency at design point 

3. efficiency at reduced load 

4. heat/power ratio at design point 

5. ability to vary heat/power ratio 

6 . ability to change fuels 

Internal combustion engines, such as the diesel engine, are the primary source in some 
smaller units. They require clean-burning fuels with certain characteristics. Closed- 
cycle power systems with external firing, which are more common in chlor-alkali plant 
applications, can use almost any fuel. 

In a simple open-cycle condensing steam turbine system, steam is raised in a boiler 
at high pressure (~10"^ kPa). It is expanded through a turbine to generate power, and the 
low-pressure exhaust is condensed. Depending on the steam pressure, this combination 
gives a thermal efficiency of about 30%. Most of the loss is waste heat in the exhaust 
steam that is condensed. The high latent heat of water makes for an inefficient process 
if the heat is not abstracted in some useful way. Only in special circumstances or with 
special design can this heat be recovered at low pressure, and in many process plants it 
is lost in the cooling water system. 

A more efficient arrangement from the standpoint of energy recovery is the steam 
cycle with extraction. Figure 12.1 compares this approach with the open cycle discussed 
above. Here, some of the steam is withdrawn from the turbine at a pressure suitable for 
process needs (say 1,000-3,000 kPa) and used as a source of heat. The rest of the steam 
becomes low-pressure exhaust from the turbine. The performance of this combination 
depends on the exact conditions chosen. Since much of the steam supplies less of its 
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(a) Open-Cycle Condensing Steam Turbine 

steam from Boilers 



(b) Steam Turbine with Extraction 

Steam from Boilers 



Process 

Heat 


FIGURE 12.1. Comparison of turbine cycles in cogeneration systems. 


pressure energy to the turbine, the power efficiency drops, perhaps to as low as 20%. 
Recovery of some of the thermal energy by extraction of the steam raises the total energy 
efficiency to 50-55%. 

There are other ways to overcome some of the inefficiencies caused by the high latent 
heat. These include various methods for increasing the superheat of the steam. A small 
increase in energy content provides a large increase in thermal potential (temperature). 

Gas turbines provide an alternative to steam turbines. They must be constructed of 
materials suitable to the high temperatures associated with combustion gases. Simple gas 
turbines produce efficiencies comparable to those of simple steam turbines. A combined- 
cycle unit that also recovers thermal energy benefits from the high temperature of the 
exhaust gas. Recovery of a major part of this energy, which is possible because there is 
not a huge latent-heat penalty, can raise the overall efficiency to as high as 80%. 

An important criterion in selecting a cogeneration system for a given application is 
the ratio of heat to power (H/P ratio) required. The demands of a process or an operating 



1176 


CHAPTER 12 


complex can be characterized in this way. Similarly, every turbine system can be defined 
by its output H/P ratio, and a cogeneration system is ideally designed to match the process 
demand. This can constrain the operation of a turbine to a certain range of the H/P ratio 
and limit its efficiency. In other words, extraction of all the available thermal energy 
from the gas is not practicable. Consider a heat engine with efficiency 

shaft work 

t)e — - 

available heat content of fuel 

In a cogeneration system, the overall efficiency, r]ov, is higher by an amount fixed by 
the H/P ratio, which is designated by R: 

^ov = ??e(1 -H (2) 


R cannot increase without a limit. The theoretical maximum corresponding to r]ov = 1 is 


Rm3x — 1 — 


1 - rjE 


m m 

The practical maximum corresponding to a combustor efficiency r/B is 

m - 


(3) 


where /?b = —: 


pf _ 


heat to working fluid 
available heat content of fuel 




(4) 


Figure 12.2 shows the above relationships [3]. The limits are fundamental, and only 
certain combinations of heat engine efficiency and the H/P ratio are possible. 



FIGURE 12.2. Operating envelope limitations in cogeneration. 
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The efficiency of steam turbine cogeneration systems increases relatively slowly 
with H/P ratio, and so these systems are more likely to be run at relatively low efficien¬ 
cies. On the process side, the H/P demand of a standalone mercury- or membrane-cell 
chlorine plant is relatively low, and a turbine-based cogeneration system would run at a 
correspondingly low efficiency. Diaphragm-cell plants, with the greatest thermal-energy 
requirements, benefit both from the scale of operation and from a higher H/P ratio. They 
are the most attractive candidates for cogeneration. 

In the chlor-alkali field, many cell installations are part of a larger complex, and 
the chlor-alkali plant demand is only part of the picture. The H/P demand is higher in an 
integrated operation such as an EDC, a VCM, or a PVC plant. These are the situations 
in which cogeneration plants are most likely to be found. 


12.4. WATER SYSTEMS 

Water has a myriad of applications in processing plants. Some of these, denoted by their 
distribution systems, are 

• untreated water from sea, lake, river, or well, 

• plant, process, or utility water, 

• fire water, 

• drinking water, 

• sanitary water, 

• cooling water, 

• chilled water, 

• soft or demineralized water, 

• process condensate, 

• boiler feed water. 

Plants located on a body of water often use it as a source of once-through water with a 
minimal amount of treatment. We do not discuss these systems. The customary approach 
to fire protection is to provide ring mains around the various process areas, with hydrants 
and monitors located at intervals and at certain strategic points. There also are distribution 
lines within buildings and sometimes deluge systems in certain areas. These systems are 
not very instructive to a student of chlor-alkali technology, and they also are omitted 
from discussion. Drinking water and sanitary water fall into the same category. 


72.4.7. Sources of Water and General Plant Use 

Sources include surface waters, wells, seas and estuaries, and recovered condensate. 
Many plants serve all their needs with municipal water, treated to potable quality, which 
may be based on surface water or well water. Public water supplies usually carry a 
fraction of a ppm of chlorine. When used as the principal supply to a plant, these must 
be dechlorinated before most direct uses in the process. 

Before a plant’s water treatment system can be designed, a fund of analytical data 
is necessary. In many localities, these data are available from local authorities or neigh¬ 
boring plants. They should cover a period of time in order to give an idea of variability 
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as well as average values. Specifically, they should cover the diiferent seasons of the 
year in order to show variations with the extent of rainfall, runoff of melted snow, or 
mixing of underground aquifers. The following data and analyses should be available, 
in addition to analyses for individual ions [4]: 

• total dissolved solids (TDS) 

• total suspended solids (TSS) 

• total organic carbon (TOC) 

• conductivity 

• turbidity 

• silt-density index (SDI) 

• pH 

• silica 

• carbon dioxide 

• chlorine (in the case of municipally treated water) 

• temperature range 

Local regulations governing the plant effluent will also affect the choice of water 
treatment processes. 

The quality of natural water is extremely variable. Surface waters are generally 
turbid. Well waters, while clear, may have high hardness. There are also wide variations 
in the quality demanded by various uses. Therefore, the sort of treatment to be applied, 
depends both on the quality of the raw water and on the intended use. 

Frenkel [5] classifies raw water supplies into several types with different character¬ 
istics (Table 12.1). Other authors propose similar classifications and often add hardness 
to the list of characteristics. Arden and Forrest [6] take a modular approach to treatment. 
Silted river water, for example, considered suitable only for irrigation, is improved by 
sedimentation to a quality comparable to that of most other surface waters. The clarified 
water then becomes suitable for crude industrial applications. Coagulation and filtra¬ 
tion then virtually eliminate suspended solids and make the water suitable for general 
purposes. These include plant utility use without necessarily qualifying the water for 
process application. Beyond this point, the intended application determines the extent 
of treatment required. 

The first column in Table 12.1 indicates that the turbidity of river and lake or pond 
water is highly variable. Rivers are especially turbid during rainy seasons or at the time 


TABLE 12.1. Selected Characteristics of Natural Waters 


Source 

Turbidity 

TSS 

Color 

TOC 

TDS 

SDI 

Stability 

River 


H* 

M 

M-H 

L 

VH 

VL 

Lake or large pond 

L* 

L* 

H* 

H* 

L 

H 

VL 

Well 

L 

L 

L 

M-H 

L 

H 

M-H 

Brackish 

L 

L 

L 

L-M 

M-H 

H 

H 

Sea 

L-M 

L 

L 

L-M 

H** 

H 

H 


Notes: L, low; M, moderate; H, high; V, very; TSS, total suspended solids; TOC, total organic 
carbon; TDS, total dissolved solids; SDI, silt-density index. 

*Seasonal variation, *’*'Highly variable. 

Source: Frenkel [5]. 



UTILITIES 


1179 


of the spring thaw. Lakes become more turbid and can develop more color in warm 
weather. The other sources are more stable throughout the year. All are subject to some 
change. Open seawater can have moderate seasonal changes and be disturbed in stormy 
weather. The quality and rate of inflow of fresh water influence the characteristics of 
the water taken from bays and estuaries. The ability to cope with these variations is an 
important aspect of treatment system design. 

The treatment of water is quite similar to the treatment of brine, discussed in 
Section 7.5, but there are certain differences in each step. The first objective is the 
removal of suspended solids, which would interfere in most of the subsequent steps. 
Preliminary clarification of highly turbid water occurs in a standard circular clarifier or 
in an elongated rectangular basin. This is sometimes combined with cold lime softening 
or with the addition of coagulants or flocculants. Coagulation differs from the pro¬ 
cess of flocculation described in Section 7.5.2.2D. It is aimed at colloids rather than 
at formation and growth of precipitates from dissolved species [7]. Colloidal particles, 
submicron in size, stay in suspension because of Brownian motion. Coagulants destabil¬ 
ize colloidal suspensions by overcoming the electrical repulsion between particles. The 
colloids, of which clay and silt are typical examples, tend to carry negative charges. The 
Hardy-Schulze rule states that the important ion in a coagulant is the one whose charge 
is opposite to that on the particles and that the power of the coagulant increases dra¬ 
matically as the magnitude of the valence of the key ion increases. Multivalent cations 
will then be the best coagulants, and they are hundreds of times more effective than 
monovalent ions. Iron and aluminum salts are most frequently used, at concentrations 
of 10-30 ppm in the water. Ferric chloride (Section 9.1.9.4) is a widely used coagulant. 
The chlor-alkali producer, especially the operator of membrane cells, will find it easier 
to remove iron compounds in subsequent brine processing. 

In removing suspended solids, clarifiers improve some of the other measures of 
water quality. These include color and organic content. A typical clarifier product will 
have less than 10 ppm suspended solids. 

Filtration normally follows sedimentation. Industrial practice again resembles brine 
treatment (Section 7.5.4). Bed filters may contain a single medium, usually operating in a 
downflow mode, or several layered media. The latter usually operate in an upflow mode, 
with the water sequentially meeting gravel (for support), garnet, sand, and anthracite. 
Membrane filters are finding increased use in water treatment [5]. Microfilters can remove 
particles down to 0.1 |xm and do not require pretreatment of the water. Ultrafilters remove 
particles down to 0.01 p.m but frequently require pretreatment of the water. These filters 
can remove colloids and normal organic matter (NOM). 

Filtration can be used without sedimentation, but filters have limited solids-handling 
capacity. Frenkel gives these rough guidelines for the choice of the primary solids- 
removal equipment: 


TSS 

Equipment 

<10 ppm 

Membrane filter 

10-100 ppm 

Media filter 

>100 ppm 

Clarifier 
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The low-solids waters become suitable for drinking and sanitary purposes after 
chlorination. The addition of corrosion inhibitors, and antisealants when hardness is 
present, makes them usable in cooling water circuits. In-process application may require 
further treatment, and demineralization by ion exchange is perhaps the most common 
technique in chlor-alkali plant practice. There is a large literature on the technique of ion 
exchange, and Section 7.5.5 discusses its application to brine softening. The complexity 
of the system depends on the nature and concentrations of the impurities in the water. 
The basic ion-exchange system includes separate columns of cation- and anion-exchange 
resins. The exact choice of resin depends on the process duty and the nature of the water. 
Enhanced systems may include decarbonization by volatilization of CO 2 and a final 
column of mixed cationic and anionic resins. Strong-base anion resins can remove silica 
(Section 12.4.3.1), a property that may be useful especially to membrane-cell operators. 
Continuous operation requires parallel units, and acid and caustic regeneration of spent 
columns is necessary. 

Some plants also produce their own potable water by treating a well or groundwater 
supply. This is not a common situation, and it is a specialized subject that will not be 
covered here. Most plants receive potable water from a local supplier or municipality. 
This water is used for drinking and sanitary use and usually in safety shower/eye wash 
systems. In some cases, the municipal potable water supply also serves as a general plant 
utility. Drinking water systems must always be kept separate from plant service systems. 
The method of separation is often prescribed by local regulations. Backflow preventers 
are a standard, but dedicated tanks that provide physical breaks are more positive and in 
many locations are required. These are discussed in Section 12.7.2. 


12.4,2, Water as Heat Sink 

12,4.2,1. Cooling Water. When a source of water of the proper quality and a reliably 
low temperature is available, it may be used on a once-through basis to remove process 
heat. This may be true of certain municipal water supplies, but they are usually too scarce 
or expensive for such use. It is more common to find seawater or river water in such an 
application. 

Most chlor-alkali plants use water in a closed circuit to remove waste heat from 
the process. The heat is then rejected into the atmosphere by cooling the water itself by 
direct or indirect contact with air. Dry systems using indirect contact are useful in some 
situations, but the typical chlor-alkali plant uses direct contact. The nearly universal 
choice for this operation is the cooling tower, where heat transfer and mass transfer 
occur simultaneously by direct contact between phases. Sections 9.1.3.2 and 3 discuss 
these transfer processes in connection with the cooling of chlorine gas. The effectiveness 
of a cooling tower depends on the distribution of water and the means used to promote 
contact between the water and the air. The internal arrangements of a typical unit are 
discussed below. 

The water cools by supplying its own latent heat of vaporization. It is therefore 
possible to cool the water below the dry-bulb temperature of the air supplied to the 
tower. The real measure of the cooling potential of the air is its wet-bulb temperature, 
and each tower is designed to operate at a certain inlet wet-bulb temperature. 
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The function of a cooling tower is, quite simply, to remove heat. However, a tower 
cannot be rated solely in terms of heat transfer. It will remove as much heat as the 
process generates even when loaded beyond design conditions. If the amount of heat 
to be removed increases, the tower evaporates more water to match the new rate of 
heat input. What changes is the temperature of the circulating water. Increases in that 
temperature will eventually affect process performance. 

Definition of the duty of a cooling tower therefore becomes rather complex. 
Manufacturers’ and technical literature covers the subject thoroughly. Standard thermal 
tests have been developed that take into account the complexities. These include ASME 
PTC-23 and the Cooling Technology Institute’s ATC-105. 

The most important specifications are the water flow rate and the range. The latter 
refers to the change in the temperature of the water as it passes through the tower. 
A specification derived from this is the “approach,” which is defined as the difference 
between the wet-bulb temperature of the incoming air and the temperature of the outgoing 
water. The approach is the most influential variable determining the size of the cooling 
tower. Figure 12.3, a combination from several sources, shows its powerful effect. 

The wet-bulb temperature used to specify the duty of a cooling tower is that which 
is exceeded only a certain percentage of the time during the year. In compilations of 
meteorological data, it is customary to list wet-bulb temperatures in this way. Frequently, 
these lists show data at the 1, 2.5, and 5% levels. It is important to note that, for a given 
location, the temperature differences between levels are not great [8]. Data for nine 
plants in Texas show an average difference of less than PC between the 1% and 5% 
temperatures. A commonly used basis is 2.5%. This does not mean that an exchanger, or 
the plant as a whole, can meet its capacity only 97.5% of the time. By superimposing the 
daily temperature cycle on the yearly, we would see that the design wet-bulb temperature 
is usually exceeded for only a few hours at a time. The thermal inertia of the cooling 
water system helps to dampen the effects of these temperature peaks. Furthermore, unless 
an exchanger operates with a narrow temperature pinch, an increase above the design 
water temperature will produce only a small decrease in its capacity. Usually, intentional 
overdesign and allowances for fouling are much greater than this decrease. Taking one 
commercial design at random, the authors found that an increase of PC in cooling water 



FIGURE 12.3. Influence of temperature approach on size of cooling tower. 
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temperature would reduce the capacity of a chlorine cooler by less than 5%. The safety 
factor in the amount of exchange area above that calculated to be required was 1%. The 
fouling factor applied to the water side of the cooler increased the amount of surface 
provided by 25%. Unless this exchanger is severely fouled, it should meet its design 
capacity even when the 97.5% wet-bulb temperature is exceeded. 

When cooling water is used to cool dry chlorine, any leakage from one side of 
an exchanger to the other will produce a highly corrosive mixture. If water leaks into 
the chlorine, the effects will be more rapid and more severe. It would be better to have 
chlorine leaking into the water and out of the process. Therefore, the water used in an 
exchanger should be kept by means of a regulator at a lower pressure than the chlorine. 
This may require the water leaving the exchanger to be collected and pumped into the 
return header. A chlorine leak normally is easily detected by monitoring the conductivity 
of the water. Some plants located near the sea use once-through seawater as a coolant. In 
this case, conductivity is not sensitive to small amounts of chlorine. Oxidation-reduction 
potential can be used instead. The use of chlorine monitors in cooling tower fan stacks 
is also becoming more common. This provides a check on the other instruments and an 
aid in environmental reporting. 

A problem specific to cooling towers is the presence of L. pneumophila, bacteria. 
The disease they carry has a high profile, and they are difficult to control with conventional 
biocide programs [9]. Transmission is primarily by inhalation of aerosols [10], and this 
is one reason to install drift eliminators (see below) and to arrange the tower so that the 
drift is primarily into unpopulated areas of the plant. 


12.4.2.1 A. Construction of Cooling Towers. Cooling towers include atmospheric spray 
towers, natural-draft towers, and mechanical-draft towers. The first type uses the 
momentum of water to draw air in cocurrent flow down through the tower. It seldom 
appears in chlor-alkali plants. Natural-draft towers by their nature are quite large and 
likewise are not common in the chlor-alkali industry. These are the large hyperbolic 
units associated with the power industry that are usually the first objects seen when 
approaching a generating plant. 

Mechanical-draft cooling towers are the type most often found in the process indus¬ 
tries. These provide their own air flow, and wind direction and velocity therefore do not 
greatly affect their thermal performance. They can be classified in several different 
ways: 

1. according to the relative directions of entering air and water flows (counterflow 
or crossflow); 

2. according to the method of producing draft or the location of the air movers 
(forced draft or induced draft); 

3. according to the type of fill used to spread the water and increase its area of 
contact with the air (film or splash bar). 

Counterflow, as would be expected, allows more efficient transfer of heat and mass. With 
the application of a modem high-efficiency fill, the counterflow tower has become the 
most effective and most compact type of unit [11]. It is less open in its construction than 
the crossflow type. This reduces the penetration of sunlight and the rate of growth of 
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algae. The crossflow tower, as will be seen below, has its own advantages and has been 
the standard in most chlor-alkali plants. It is more tolerant of suspended solids in the 
water and is favored by plant maintenance departments because of the relatively easy 
access to its internals, which include distributors, fill, structure, and drift eliminators. 

Induced draft generally requires less energy to move a given amount of air and 
produces higher velocities through the fans (400-800m min“^). The latter is important 
in helping to reduce the amount of recirculation of warm, wet air into the tower. With 
induced draft, it is also easier to achieve good distribution of air over a large cross-section. 

The typical fan is a multiple-bladed propeller. Tip speeds usually are held to less 
than 70ms“^, and vibration switches protect the fans from mechanical damage. Fan 
guards are essential for personnel protection. The typical induced-flow tower has a 
cage of heavy galvanized wire surrounding each fan. Variable-speed fans can be slowed 
down to regulate the air flow for low-capacity operation. With the wide range of duties 
encountered over the course of a year, common practice is to supply multiple units and 
to shut them down individually when the load is low. 

Two problems associated with the air leaving a tower are drift and recirculation. 
“Drift” is entrained water. Massive amounts of drift would waste water. Normal drift, 
usually less than 2% of the circulation rate, does not affect the fresh water consumption, 
because greater quantities must be removed, in any case, in order to control the dissolved 
solids concentration. The problem with drift is that even small amounts can cause prob¬ 
lems of fog formation, deposit of dissolved solids, and icing of surfaces. The internals 
of a cooling tower are designed to suppress drift. Figure 12.4 shows the presence of drift 
eliminators, which are baffles that allow entrained water to separate from the air. They 
do this by forcing sudden changes in the direction of the air flow. This allows the water 
impinging on the surfaces to separate from the air. It also helps to redistribute the air 
by creating a pressure drop. The eliminators may resemble simple baffles, being formed 
from wooden or plastic slats mounted in frames. Thin-walled honeycomb structures are 
another form that is frequently used. “Recirculation” is the reentry of discharged air 
into a tower. This raises the dry-bulb temperature and, more importantly, the wet-bulb 


Exhaust Air 



FIGURE 12.4. Induced-draft cooling tower. 
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temperature of the incoming air and limits the ability of the tower to cool the water. 
Keeping the discharge velocity of the air high, isolating the towers from other structures 
that can produce downdrafts, and orienting the towers to counteract the effects of pre- 
v£dling winds can reduce the amount of recirculation. Occasionally, the steam plume 
from a tower becomes a third problem. 

We take Fig. 12.4 as representative of a chlor-alkali plant cooling tower. Air enters 
through the sides of the tower, which are louvered. It moves under the influence of the fan 
mounted on top of the tower. Returning warm water enters the top through a distribution 
system and falls through the tower. Gravity distribution is acceptable in crossflow towers 
and has the advantage of requiring no pressure energy at the point of delivery. A head 
box is mounted above each cell of the tower, and levels can be adjusted independently. 
The water at the top of the tower is the most corrosive. It is warm and aerated and has 
a high concentration of dissolved solids. Resistant materials are required in this zone. 
Redwood is the favored wood, and plastics and galvanized steel are also used. 

The tower sits above a basin, which serves as its foundation and also collects the 
cool water. The sump should be sized to allow refuse and suspended solids to settle, 
and it should be designed to allow on-line cleaning. Provisions might include a bottom 
sloped to the center, where a central pipe can carry off the settled solids, or a slope to 
one side, which when extended beyond the end of the tower, allows easy access for a 
suction hose. Concrete is the standard material of construction for cooling tower basins. 

A set of pumps in a pit recirculates the cooled water. Submerged vertical pumps are 
standard in this service. When using multiple pumps with large capacities, it is necessary 
to space them properly and to design the pit to allow unimpeded access of the water flow 
to the suction of the pumps. The requirements of the pump vendors will fix this aspect 
of design. Any reverse flow through idle pumps recycles to the basin and reduces the 
efficiency of the process. Check valves and anti-reverse mechanisms help to prevent this. 

The basin and the pit may be connected by a series of flumes. Screens constructed 
of fiber-reinforced plastic (FRP) or steel and mounted vertically in the flumes remove 
some of the suspended solids from the water. The cross-section of a flume may be small 
enough to allow a screen to be removed by one person. If not, some mechanical device 
becomes necessary. It is good practice to mount more than one screen in each channel, 
so that the water is still filtered when one of the screens is removed for cleaning. Flow 
into the flumes should be over a weir in order to retain the settled solids in the basin. 

Settling and screening are a crude approach to solids separation, but they are effect¬ 
ive in removal of trash and large particles. It may be necessary to remove finer solids 
as well. This can involve whole-stream filtration or filtering a sidestream and either 
returning it to the basin or pit or joining it with the main cooling water supply. 

Clean makeup water can be introduced directly to the pump pit. Dirty water is 
better fed to the sump, where there is some opportunity for settling of solids. Treatment 
chemicals can be introduced anywhere in the system. Addition into a flume helps to mix 
the treating agent into the main water flow. 

Wood is the standard material of construction for cooling towers. The Cooling Tower 
Institute publishes standards for construction from various woods and for treatment of 
the wood with preservatives. Almost paradoxically, fire protection is very important in 
cooling tower design, because the common practice of shutting down units or modular 
cells during times of low demand can allow wooden units to dry out. There should be a 
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hydrant nearby and sprinklers over and around the tower. The fan(s) should be interlocked 
to shut down whenever the sprinklers operate, and the startup procedure should call for 
starting water flow before starting the fan(s). 

The trend now is away from wooden construction. With advances in fabrication 
techniques for plastics, preassembled plastic towers are now being used in larger size [12]. 
These are available in modules with ratings up to 10 GJ hr“ ^ cooling load. While they cost 
about 20% more than most wooden towers, they are more easily installed. Fireproofing 
is not necessary, and the tower blowdown contains no preservatives. 

Drying of the wood should be prevented by periodically wetting the idle zone. 
A shutdown switch should also be available at a distance of at least 5 m from the tower. 
The vicinity of a cooling tower should be a no-smoking zone. All hot work and temporary 
wiring should be carefully supervised and checked. 


12.4.2. IB. Cooling-Tower Fill. The type of medium used to subdivide the water determ¬ 
ines the amount of interfacial area available for heat and mass transfer. This material, 
referred to as the “fill,” usually is of one of two types, film or splash bar [11]. 

Film fill consists of corrugated or rippled sheets that subdivide the water and provide 
interfacial area. These sheets are assembled into packs that are installed vertically and 
stacked at offset angles. This is the more efficient of the two types of fill, but it is more 
difficult to install properly. Solids are more likely to deposit in the fill, and maldistribution 
of water is more likely. 

Splash bars are less sophisticated and less effective. Staggered rows of horizontal 
bars form small droplets by impingement of the water. The water falling through a tower 
cascades from one row of splash bars to the next and so is continually subdivided. The 
support grids usually are of FRP. The bars themselves may be PVC, polypropylene, or 
wood. The plastic materials are less combustible than wood. While the effectiveness 
of this arrangement is less than that of the film fill, again, construction is simpler and 
maintenance access is much easier. 

The trend in the industry is now in the direction of more efficient packing. 


12.4.2.1C. Piping and Instrumentation. Cooling water piping is usually carbon steel. 
This fact makes it essential for the plant operator to keep up with the water treatment 
program. Untreated cooling water is the most corrosive form. Most plants at least add 
inhibitors. These vary in composition, and it is difficult to generalize other than to say 
that chromates, once a standard, are now seldom used, because of their toxicity. 

Scaling and corrosion both are problems in cooling water piping. Calcium carbonate 
is the most common sealant. When sulfuric acid is used in the treatment program, this 
is converted to the sulfate. Calcium sulfate has less tendency to precipitate and scale the 
piping, but it is harder to remove when present. 

Most exchangers have block valves in both cooling water connecting lines in order 
to allow isolation for maintenance. Improper closing of these valves with the exchanger 
under load will allow trapped water to heat and expand. This can damage the equipment 
or the piping, and some means of prevention is necessary. Most common is the addition 
of a thermal/pressure relief valve between the exchanger and one of the valves. This 
device simply opens at high pressure and allows a small amount of water to escape, 
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relieving the pressure. These relief valves are simple units, and in the absence of steam 
generation in the exchanger are quite small, usually 15-20 mm in diameter. 

Each exchanger should have water-temperature instrumentation. The minimum 
case is a simple thermowell in the water outlet line. The most elaborate is permanently 
installed temperature indicators on both inlet and outlet. These instruments serve first 
as a means of checking the temperature profile against design and as crude indicators 
of the amount of water flowing. They can also be used for troubleshooting if enough 
information is available to construct a heat balance across the exchanger. 

On the water side, particular problems are the corrosion potential of the water and 
the accumulation of dissolved solids. 


12.4.2. ID. Concentration Effects and Blowdown. Comparison of the normal increase 
in cooling water temperature in the process with the latent heat of water shows that about 
1-2% of the circulating water will evaporate on each pass through the tower. This must 
be replaced by makeup water, which brings more dissolved solids into the system. The 
process of treatment of the circulating water also adds dissolved solids, and one must 
consider the total concentration in the mixed feed water and treating solutions. Some 
water must then be withdrawn from the system in order to limit the dissolved solids 
concentration. This purge, or “blowdown ” acts along with the drift to remove both 
water and solids. Evaporation removes only water. The concentration factor for total 
dissolved solids in the recirculating water above that in the combined system makeup is 


(£ + L + B) 
(L + B) 


(5) 


where 

C = concentration factor 
E = rate of evaporation 
L = rate of mechanical loss of water 
B = rate of blowdown 

Mechanical losses include leaks, in-process applications of cooling water, and drift. 
To maintain a certain concentration factor, the required blowdown rate is 


B = 


E 

(C-1) 


-L 


( 6 ) 


The form of Eq. (6) shows that in order to maintain the concentration, the sum of B 
and L must be held constant. Efforts to reduce mechanical losses (L), while useful in 
themselves, do not always reduce the usage of water. 

Many different corrosive agents can accumulate in a closed cooling water system 
if the concentration factor is too high. The use of inhibitors, noted above, is a standard 
technique. Upgrading the materials of construction also can prolong the life of equipment. 
Parkinson [13], for example, describes the use of a 75-[xm coating of electroless nickel 
on cooling water pumps. 
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Blowdown creates a waste disposal problem and cooling towers, even aside from 
drift, can pollute the air. These disadvantages, combined with the growing shortage of 
water in parts of the world, have contributed to the beginning of a trend to dry cooling. 


12.4.2. IE. Process Control. There are many different approaches to control of the cool¬ 
ing water treatment and blowdown process. Figure 12.5 is an example. The dissolved 
solids concentration is indicated by the conductivity of the water. This property is used 
to control the rate of blowdown. The blowdown, the evaporated water, and any system 
losses are replaced by makeup water, added under sump level control or through a float- 
operated valve. In a different approach, the rate of blowdown is made proportional to 
the rate of makeup water addition. 

Most treating agents are fed in proportion to the makeup water flow. Analysis of 
the circulating water then may call for occasional changes in the ratios. The “chemical 
feed” of Fig. 12.5 is an example. There may be more than one such system, feeding 
inhibitor and other additives. The controller may adjust the speed or the stroke of the 
chemical feed pump. Alternatively, it may call for periodic feed of a certain volume of 



FIGURE 12.5. Cooling-tower water treatment process. 
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solution, with the length of the period inversely proportional to the makeup water rate. 
Minor ingredients may be added infrequently and manually. One technique is to charge 
them to a bypass tank connected to both cooling water headers and then to allow some 
of the supply water to flow through the tank and into the return header. Concentration 
control can be open- or closed-loop in nature. The control of pH is a special case that 
demands a proper dedicated control system. Sometimes there are two acid feed streams, 
with the larger proportional to the makeup water and the other responding directly to 
measured pH. 

The treatment of cooling water is a subject for specialists. Requirements are affected 
by the quality of the water supply; the extent of contamination by corrosion products, 
process leakage, and the use of the water in direct-contact applications; and the nature 
and quantity of solids and gases scrubbed from the air in the cooling tower. There are 
extreme variations in some of these factors, and each plant will need its own treatment 
system and program. 

12,4.2.2. Chilled Water. Chilled water is special in the sense that it may be provided 
not as a central utility serving a complex but rather from a unit dedicated and belonging 
to the chlor-alkali plant. We shall therefore consider it in more detail than we do some 
of the other utilities. 

Its major users are the secondary chlorine cooler (or chiller) and the product caustic 
coolers in a diaphragm-cell plant. The latter are used to drop the final product temperature 
below normal cooling water temperatures in order to reduce the dissolved salt content. 
Other users sometimes include secondary hydrogen coolers, the sulfuric acid coolers 
at the drying towers, the water spray at the entrance to the wet gas demister, and acid 
coolers on liquid-ring pumps. 

Water can be chilled at a central location by a dedicated refrigeration unit. Altern¬ 
atively, refrigerant brine distributed as a general utility can be used to chill plant cooling 
water as and where necessary. After use, this water is sent to the cooling water return 
system. This becomes a standard application for a utility, and we do not consider it further. 

Water chilling units in most chlor-alkali plants are not large and are usually pur¬ 
chased as packages. The thermal duty of a water chiller should be kept low as a matter of 
economy. The goal should be to approach the desired process temperatures as closely as 
possible through the use of cooling water. The practical limitation on this approach can be 
the rapidly increasing size of the primary coolers as their mean temperature differentials 
become smaller. 

Note once more that seasonal cooling water temperatures may be lower than the 
minimum temperatures allowed in the chlorine and 50% NaOH processes. The plant 
then should operate with tempered cooling water and not with chilled water. 

Chilled water supply involves a closed circuit. The water flows through a supply 
header, the users, and a return header to a storage/pump tank. Demineralized water is a 
typical source. It is added occasionally to replace water lost from the system or delib¬ 
erately purged to remove contaminants such as process fluids and corrosion products. 
Storage tank construction is simple. The pressure is essentially atmospheric and the tem¬ 
perature is low. Since water is more corrosive when aerated, the tank may be blanketed, 
and plain carbon steel construction should be avoided. Lined steel and FRP are acceptable 
materials of construction. 
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For a given heat load, the flow of chilled water is greater than that of cooling 
water. This is because the temperature rise in service is restricted in order to keep the 
chilled water supply temperature relatively high, thereby reducing the power consumed 
in refrigeration. 

Diaphragm-cell plants have the highest demand for chilled water. The NaOH- 
chilling load will be about three times as great as the chlorine-chilling load. This ratio 
is a function primarily of cooling water temperature. As that temperature increases, 
the intermediate process temperatures rise, and so the residual loads on both chillers 
increase. The available cooling water temperature fixes the demand. As the chlorine or 
caustic soda emerging from the cooling water section of the process becomes colder, 
the chilled water duty becomes less. As a result, water chillers seldom operate at design 
duty. When the annual swing in cooling water temperature is large, they may operate 
much of the time at a small fraction of design duty. Wide capability for turndown is very 
important. 

Most water chillers in the chemical industry operate close to the freezing point of 
water in order to provide the maximum thermal potential. In our most important applica¬ 
tions, however, there is a minimum desirable water temperature, set by the formation of 
chlorine hydrate, the loss of passivation of titanium surfaces in chlorine service, or the 
freezing of caustic soda. The water chiller can be operated at a higher outlet temperature 
than usual, or if colder temperatures are required somewhere, the water can be tempered 
for the major uses. 

The duty of a chilled water system depends primarily on the cooling water tem¬ 
perature. Since nearly all cells operate close to atmospheric pressure and since chlorine 
outlet temperatures usually are 13-15°C, the end point of the chlorine chilling process 
is nearly constant. The starting point depends on the temperature of the gas leaving the 
cooler, which in turn is a function of the available cooling water temperature. Similar 
arguments apply to the cooling of diaphragm-cell NaOH. 

Figure 12.6 shows the effect of gas temperature from the cooler on the chiller heat 
load. The basis is one ton of gas that is 100% chlorine (dry basis) at atmospheric pressure. 



FIGURE 12.6. Thermal duty of a chlorine chiller. 
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The effect of gas impurities is to increase the volume of gas without changing the partial 
pressure of water. The latent heat component of the heat duty is therefore inversely 
proportional to the dry-basis mole fraction of chlorine. The same proportionality would 
hold for the sensible heat component if the impurities had the same average molar heat 
capacity as chlorine. While this is not precisely the case, the differences are small in 
comparison with the latent heat duty, and the assumption of constant Cp causes very little 
error. Figure 12.6 can, therefore, be used as a first approximation to the chiller load by 
dividing the indicated number by the mole fraction of chlorine. 

Because cooling water is the ultimate heat sink in the water-chilling process, higher 
cooling water temperatures also increase the cost of refrigeration. In a mechanical sys¬ 
tem, for example, the refrigeration condenser temperature will be higher. This increases 
the compression ratio in the system and, therefore, the energy consumed by the com¬ 
pressor. Chillers use standard compressors, usually of the centrifugal or screw type. The 
condenser and evaporator are typical of industrial refrigeration service in their use of 
finned tubes formed from a copper alloy. In the operating range of 10-15°C, they con¬ 
sume about 70-80 kW hr GJ“^ 

Example, In our reference plant, the cooling water is available at 30°C and cools the 
chlorine gas to 40°C. We then wish to cool the gas to 15°C with chilled water. The gas 
leaving the cells contains, on a dry basis, 97% chlorine. We allow another 1% for entry 
of air. Figure 12.6 then indicates that our chilled water duty on a 100%-chlorine basis is 
0.604 kW/daily ton. We therefore require 0.604/0.96 = 0.63 kW/daily ton = 446 kW. 


12.4.2.2A. Mechanical Refrigeration. Mechanical refrigeration is the most popular 
approach in chlor-alkali plants. The other techniques discussed below have advantages 
when electrical power is expensive. If that is the case, perhaps the chlor-alkali producer 
is in the wrong business. 

Section 9.1.7.1 on chlorine liquefaction briefly describes the typical mechanical 
refrigeration cycle. Several different types of compressor appear in water chillers. They 
include reciprocating, screw, and centrifugal machines. The best choice depends very 
much on the suitability of a manufacturer’s package details. The choice of refrigerant is 
not constrained by reactivity, as in the case of chlorine compression. 

Since the demand for chilled water is highly seasonal, the refrigeration load is 
usually well below the design maximum. There is an excellent case here for multiple- 
stage unloading of compressors and for the installation of two partial-load machines. 


12.4.2.2B. Steam-Jet Refrigeration. Under sufficient vacuum, water will boil; the latent 
heat of the steam formed comes from the remaining liquid, which is cooled in the 
process. The pressure level determines the temperature of the cooled water. One stage 
of eduction will accomplish the temperature reduction, but steam economy improves 
when several stages are used. Both the motive steam and the water vapor generated by 
evaporation flow to a condenser system. Most frequently, this will also be in more than 
one stage. Much of the load can be removed in a barometric condenser. The overall energy 
economy improves if a compressor and higher-pressure surface condenser follow in a 
later stage. 
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The amount of steam required to produce a given quantity of refrigeration is a 
function of the pressure of the supply and the condensing temperature. With steam at 7 
bars and an ambient wet-bulb temperature of 25°C, about 600 kg of steam produces a 
gigajoule of refrigeration. As a rule of thumb, a small (say, 5GJ) unit produces 1.6 GJ 
of refrigeration from 1 kW, 1 ton of steam, and 100 m^ hr“^ of cooling water (10-12° 
rise). Note that makeup water is required continuously to replace that evaporated by the 
steam jets. 

12.4.2.2C. Absorption Refrigeration. Water is the refrigerant in the absorption process. 
To allow it to evaporate and condense at the right temperatures, the whole process is under 
vacuum. There is no compressor between the evaporator and the condenser. Rather, the 
water vapor from the evaporator is picked up by absorption in a salt solution. Lithium 
bromide is the salt most frequently used. 

The cycle includes 

1. evaporation of water from LiBr solution by low-pressure steam or hot water; 

2. condensation of water vapor from (1) at about lOkPa by plant cooling water; 

3. evaporation of water from (2) at about 1 kPa by exchange with the process load 
(circulating chilled water); 

4. absorption of vapor from (3) by dilute LiBr solution, with the heat of absorption 
removed by plant cooling water; 

5. pumping of solution from (4) to the concentrator to continue the cycle; 

6. exchange of heat between concentrated LiBr from (1) and concentrator feed (5); 

7. recycle of absorber solution, joined by concentrated LiBr after cooling in (6). 

Containment of LiBr and maintenance of vacuum are essential. A small amount of 
air in the refrigeration loop can make the process inoperative. All components of the 
refrigeration loop may be mounted in one shell in order to reduce the potential for 
inleakage. 

J 2.4,3. Purified Water 

Water, after the preliminary treatment methods of Section 12.4.1, can be called “purified.” 
Here, we use the term to refer to the higher levels of purification in Table 12.1 or to those 
processes which remove dissolved contaminants. In the chlor-alkali process, the major 
uses of purified water are dilution of catholyte, processing of membrane-cell caustic 
liquor, preparation of ion-exchange system regenerants, manufacture of hydrochloric 
acid, acidification of brine, and, sometimes, dissolving of salt. It also serves as utility 
and seal water in the membrane preparation area and in certain parts of the process. 

12,4,3.1. Softened and Demineralized Water. Ionic contaminants are removed from 
water by softening or demineralization. The softening process removes the hardness 
elements (and other multivalent cations) that are of major concern to the chlor-alkali 
producer. Chemical softening was the first process developed, but modem plants use 
a cation-resin process. Exposing water to a resin containing labile sodium ions allows 
the removal of divalent cations and their replacement with sodium. The chemistry is 
that discussed in Section 7.5.5.1. When the resin is nearly saturated with hardness ions. 
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contact with a concentrated solution of NaCl restores it to the sodium form and produces 
a waste stream. Note that softening does not reduce the total ionic loading in the water. It 
simply replaces some of the impurities (hardness ions) with less objectionable impurities 
(sodium ions). The anionic population does not change. 

Demineralization is another resin-based process. It removes essentially all the ionic 
contamination from water. The cation resin here is in a different form and contributes 
hydrogen rather than sodium ions. A second resin is necessary for the removal of anions. 
The labile ion on this resin is OH”. When this replaces the other anions in the water, it 
combines with the released by the cation-exchange resin to form water. 

Silica and carbonate are special considerations in the design of demineralization 
systems. The carbonate content can be removed by stripping CO 2 from acidic water, 
rather than by using solely the ion-exchange resin for this duty. Silica is the anhydride 
of the weak acid H 2 Si 03 (pKs at room temperature 9.7 and 12.0). This fully ionizes 
only when in contact with a strong base. Removal of silica by ion exchange, therefore, 
requires the use of a strong-base resin. Such a resin is more expensive than the more 
conventional weak-base type and usually has a lower total exchange capacity. Depending 
on the capacity and on the desired degree of dissolved solids removal, the demineralizers 
can be designed in several different ways: 

1. with single beds each of weak-base cation- and anion-exchange resins 

2. with single beds of strong-base cation- and anion-exchange resins 

3. combination (1) followed by a bed of mixed cation- and anion-exchange resins, 
the cation resin being of the strong-base type (this arrangement may also include 
a carbonate decomposer and stripper) 

Regeneration of any ion-exchange bed produces a waste product. Section 16.5.2.4 covers 
the disposal of these streams. 

72.4.5.2. Evaporator Condensate. Diaphragm- and membrane-cell plants produce use¬ 
ful condensate in their caustic evaporators. As the material balance of Fig. 6.9 shows, the 
membrane-cell evaporators produce more than enough condensate to serve the demand 
for dilution water in the cell room. Diaphragm-cell evaporators, with their much higher 
evaporative load, produce more than enough water to dissolve an incoming salt supply. 
Alternatively, the condensate can be used in other applications. The excess evaporative 
capacity can be used to restore the plant’s water balance when NaCl is supplied as brine 
rather than as solid salt. Since a brine supply is usually cheaper than a solid salt supply, 
and since this option is not open to membrane or mercury cells without added expense, 
this feature is an economic advantage of diaphragm cells that helps to offset the expense 
of caustic evaporation. 

Example. We consider 100 tons of cell liquor containing 11% NaOH and 15% NaCl: 



To evap. 

From evap. 

Vapor 

NaCl 

15 



NaOH 

11 



H 2 O 

74 


63.1 
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A generous allowance for the fresh salt required to produce 11 tons of NaOH would be 
1.6 X 11 = 17.6 tons. The water required to produce 25% brine then is 3 x 17.6 = 
52.8 tons. The amount of condensate recovered from the evaporator (63 tons) is about 
20% more than this. 

Evaporator process condensate has many potential uses: 

1. utility stations in caustic area; 

2. pump seals; 

3. line washing; 

4. evaporator wash/boilout; 

5. caustic dilution; 

6. soft water replacement; 

7. instrument purge; 

8. evaporator mesh wash; 

9. centrifuge cake wash (chilled); 

10. Glauber’s salt crystallizer makeup (chilled). 

Evaporator condensate is contaminated by entrainment of caustic. This is not a trouble¬ 
some impurity in a caustic plant, and it has some positive benefits in making the water 
less corrosive. There is also the possibility of low-level contamination by metal ions 
from the processing equipment [14]. 

A special application of process condensate in a diaphragm-cell plant is in evap¬ 
orator cleaning and boilout (Section 9.3.3.3). The salt crystallizing in the evaporators 
(NaCl or triple salt) continuously deposits on the surfaces of the vapor bodies and heating 
elements. In the latter case, it restricts circulation of liquor and can interfere with proper 
operation. The first symptom of a solids buildup usually is an increase in the temperature 
rise through the heating element. From time to time, it becomes necessary to interrupt 
operation in order to remove at least part of the salt deposit. The first effect usually has 
the heaviest deposit and requires the most frequent washing. 

Depending on the extent of the buildup, there are two techniques for dissolving 
the deposited salt. In the less elaborate and less disruptive technique, some of the slurry 
is removed from one effect and replaced with water. This temporarily increases the 
solubility of salt in that effect. This technique, sometimes referred to as a “fly boilout,” 
is usually the first line of attack. The more thorough complete boilout requires complete 
draining of an effect into a special boilout tank and replacement of the contents with water. 
After heating and recirculating for about an hour, the solution is dumped and replaced 
with slurry from the boilout tank. To conserve product and condensate, a boilout system 
such as that shown in Fig. 12.7 may be installed. Evaporator condensate is the normal 
source of water for the boilout system. For washing of small equipment or for a fly 
boilout of one of the evaporators, the condensate supply can be directly from its storage 
tank. The wash liquor then goes to the boilout water tank. This liquor can be used in 
either type of boilout and can be supplemented with condensate when necessary. When 
the boilout liquor becomes concentrated, it is transferred to the boilout collection tank, 
from where it is returned at a controlled rate to the evaporators. 

A complete boilout is required when the simpler technique fails to restore operation 
for an adequate time. Maintenance shutdowns for other reasons also give opportunities 
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FIGURE 12.7. Diaphragm-cell evaporator boilout system. 


for complete boilouts. Allowing for the operating time lost and the water added during 
boilouts is an important part of diaphragm-cell evaporator process design. 


12 A33, Boiler Feed Water. Boiler feed water is a special case of purified water. The 
purity required depends primarily on the operating pressure of the boilers. Arden and 
Forrest [6] give typical specifications for hardness and organics in boiler feed water as 
functions of the operating pressure of the boiler: 


Pressure (atm) 

Hardness (ppm) 

Organics (ppm) 

15 

300-350 

1 

25 

50-100 

1 

35 

5 

0.5 

70 

0.02 

0.2 

150 

0.02 

0.1 


Hardness elements can form deposits because of the inverse solubilities of silicates and 
carbonates, and organics can foul surfaces or lead to corrosion. Some low-pressure 
systems can operate on softened water. High-pressure boilers (>6MPa), on the other 
hand, require the equivalent of a three-bed demineralizer for the treatment of fresh water. 
To avoid the potential for contamination by regenerant chemicals, external regeneration 
is often chosen. 

Boiler feed treatment also must remove oxygen and alkalinity from the water. Dis¬ 
solved oxygen leads directly to corrosion, and it is most dangerous when corrosion takes 
the form of pitting. “Alkalinity” refers primarily to carbonates and bicarbonates. These 
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FIGURE 12.8. Condensate/feed water deaerator. 

species decompose at high temperature, releasing CO 2 . As steam condenses, the CO 2 
dissolves and forms the corrosive H 2 CO 3 . 

Stripping the water with steam in a deaerator reduces the dissolved oxygen to very 
low levels. Figure 12.8 shows a typical deaerator. Spray-type units are more compact 
and usually cheaper than tray-type units. They are also less flexible in operation, and the 
example chosen here therefore is a parallel-downflow tray deaerator. Counterflow units, 
again, are cheaper but have narrower ranges of efficient operation. In the drawing, the 
water to be deaerated enters the top chamber through a sparging device or a perforated 
distributor. The huge increase in liquid surface area makes it possible for entrained air 
to escape. 

The water collects in a central well and overflows a weir into the tray section. 
Here, it falls from tray to tray, and deaeration is completed by contact with the steam. 
Stripped gases and any uncondensed steam leave through a top vent. The construction 
of the apparatus forces the steam to flow along with the deaerated water through the tray 
section. At the bottom, the steam separates from the water and rises through a baffled 
chamber to the top section, where it meets the incoming water. The deaerated water 
leaves through a sealed tailpipe into a collecting drum. From here, it can be pumped to 
the boilers. An efficient deaerator can produce water with 7 ppb of dissolved oxygen. 
Achieving lower levels requires chemical treatment, discussed below. 

Alkalinity is removed by the methods noted in Section 12.4.3.1 for demineralized 
water. It may also be useful to mitigate the effects of residual CO 2 in the steam. 

Strict control of purity relies on the avoidance of corrosion in the steam-distribution 
system and on chemical treatment of the feed water or steam condensate [15]. Treatment 
chemicals may include: 

1 . oxygen scavengers (reducing agents, including sulfites); 

2. CO 2 neutralizing agents (organic amines); 
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3. corrosion inhibitors (film-forming amines); 

4. antisealants (sequestering agents). 

Oxygen scavengers such as sulfites perform best at alkaline pH. Activators can 
increase their rate of reaction with oxygen 10- or 30-fold [1], but the low concentration 
of reducing agent and even lower concentration of oxygen keep the rate low. The scav¬ 
enger needs some time to react. Furthermore, other treatment chemicals can affect the 
scavenger or at least its activator. The order of addition of the various chemicals therefore 
is important, and the best practice is to add the scavenger to the bottom of the deaer¬ 
ating tower or into the deaerator storage tank. The other chemicals then can be added 
downstream. 

The neutralizing amines must be deposited throughout the steam distribution piping 
if they are to be effective. Each plant must have a program and usually a mixture of amines 
selected for varying volatilities in order to achieve good distribution. 

The corrosion inhibitors operate by forming a film on pipe and equipment surfaces. 
The amines used in this service have higher molecular weights and so are less volatile 
and less soluble in water. They must be injected into steam lines, and high velocity helps 
their distribution. 

The antisealants include chelating agents and polymers that can disperse corrosion 
products and other solids that may enter the system. 

Excessive use of treating chemicals not only carries the obviously higher material 
cost but also increases the amount of condensate blowdown that must be taken from the 
system to control the dissolved solids concentration. 


12.5. AIR SYSTEMS 

Compressed air is supplied as a utility in several different forms that for the most part 
are distributed separately: 

1. plant or service air 

2. instrument air 

3. dry air 

4. breathing air 

For convenience, we include nitrogen, an important utility in chlor-alkali plants, with 
the air systems. 

72.5.7. Plant or Utility Air 

“Plant air” is that used as a general utility. Consumers are utility stations, flushing and 
purging systems, power tools, certain drives, cell room cranes, cell switches, some 
diaphragm pumps, and various steps in filtration and ion-exchange processes. This air is 
not necessarily bone dry but should be free of oil and water droplets, and it should be at 
a pressure sufficient to operate special tools or apparatus. It is generated by compressing 
atmospheric air and cooling it to condense some of the water vapor. There must be 
precautions against the ingress of chlorine at the compressor suction. These include 
selecting the location for the intake and elevating it above the likely level of chlorine 
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accumulation. The intake should be in a cool spot away from walls and roofs and away 
from or on the upwind side of vents or stacks that might introduce contamination. This 
discussion raises the opportunity to mention the consideration of prevailing winds in 
plant design. While it is always useful to know the direction of the prevailing wind, 
designers should recognize that at most sites the wind very frequently blows in other 
directions. Design must cater for these cases. The placing of an air compressor intake is 
a good example. In most cases, the wind alone cannot be relied on to allow an air intake 
anywhere in the vicinity of a potential chlorine vent. 

Most uses of plant air are intermittent. Design frequently provides an intake filter, 
a buffer tank for compressed air, and a set of pressure switches to take the compressor 
on and off load. The buffer tank should be large enough to prevent excessive cycling of 
the compressor, and the compressor should be capable of pressures high enough above 
the minimum header supply pressure to provide off-line periods of reasonable length. 

The above describes a standard air compression package, and many commercial 
models are available. Reciprocating compressors are a frequent choice, and in their 
case, the air buffer tank also serves as the outlet dampener. The small clearances in 
reciprocating machinery require better filtration than is offered by a fabric strainer at the 
intake point. Suction strainers on these compressors, therefore, usually are rated at about 
20 mesh. Each stage of the compressor has temperature measurement and alarm. Often, 
cylinders are jacketed for cooling, and the system may have electric heating for use at 
startup. Other instrumentation measures the pressure of the gas and of the lubricating oil. 
The oil system includes a hold tank or sump, positive-displacement pumps, circulating 
piping, coolers, and filters. Pressure instrumentation on the oil system includes low- 
pressure alarms and an emergency shutdown when the pressure is dangerously low. Low 
pressure also may be used to start the spare oil pump automatically, in order to forestall 
shutdowns. The shells of the coolers are carbon steel or the plant’s standard material. 
To reduce the amount of corrosion products, the tube-side construction may be based on 
more resistant materials such as maritime alloys. 

Some applications require a high volumetric flow of air for a short time. These 
include purging and the use of air to displace liquid from equipment before opening or 
performing a cyclic operation. If a system were designed to meet their needs directly from 
the compressor when required, it might have a large capacity that is used infrequently. 
Local buffer/storage tanks can smooth these demands and help to keep the size of the air 
compressor within reasonable bounds. It also can pay to meet high-volume, low-pressure 
demands with dedicated blowers. An example cited in Section 7.5.4.1 is air scouring of 
bed filters before backwash. 

Compressed air lines are often fitted with filters, regulators, and lubricators. These 
are usually installed as a set. The filter may be of standard design, to remove moisture 
and solids, or a coalescing filter, to remove aerosols of compressor lubricating oil. The 
purpose of the regulator is to adjust the pressure of the air. The lubricator injects a 
small amount of oil, which provides downstream lubrication. The regulator is mounted 
between the other two appliances so that it will handle only clean air. 

A system that is not leaktight will incur the expense of replacing the lost compressed 
air. Leaks may be due to defective hoses, worn power tools, and faulty clamps, as well 
as to the more classical faults in the piping itself. A single hole 1 mm in diameter will 
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lose about 4m^hr ^ of air if the line pressure is 700 kPa. The power lost is about 
0.35 kW [16]. 

The control arrangement described above allows the pressure in the air receiver to 
fluctuate over a range of perhaps one bar. Because compressor drives will overheat if 
started and stopped too frequently, most operate in an idle mode when not compressing 
air. Typically, a compressor unloads when it reaches a set pressure and then continues 
to run unloaded for some predetermined time before shutting down. In an active system, 
the demand for air usually causes the compressor to cut in again before a shutdown 
occurs. Depending on the type of control system, an idling machine continues to con¬ 
sume 25-75% of full-load power. Recent developments in air compression systems use 
variable-speed drives on rotary screw compressors to achieve overall power savings of 
20-35% [ 17]. By matching their output more closely to demand, these not only reduce the 
power consumed by off-load operation but also reduce the variation in system pressure 
to a small fraction of that experienced in a conventional system. 

Typical distribution pressures are 550-1,000 kPa. At these levels, each kilowatt- 
hour used produces 5-10 Nm^ of compressed air. Each of these requires about 
lOOkcal of cooling. These figures obviously vary greatly with delivery pressure, 
inlet air temperature, etc., but they are presented to give the reader a feel for the 
requirements. 

Many compressors require noise attenuation. The simplest type of silencer is the 
absorption tube. This consists of a flanged perforated tube attached to the air line and sur¬ 
rounded by a larger cylindrical section. The annulus is packed with steel wool, fiberglass, 
or felt. The size depends on the size of the piping and the degree of attenuation required. 
Since the energy decays exponentially as the air travels through the tube, the decibel 
measurement drops off linearly with distance. The efficiency of absorption depends on 
the nature of the packing and the frequency of the sound. It may be necessary to consider 
the spectrum of sound produced by the compressor and to size the attenuator on the basis 
of some limiting frequency. 

A sound-absorbing chamber is usually more efficient than the simple tube just 
described. This is a pressure vessel with diameter much greater than that of the air pipe. 
It is divided into two or three sections, depending on the degree of attenuation needed. 
Perforated pipes that are not on the centerline of flow connect these sections. The changes 
in direction help to deaden the sound. Other devices combine the characteristics of the 
two types described here. 

Water will condense in the lines when air is exposed to temperatures lower than that 
at the compressor aftercooler. This water must be drained. At subzero temperatures, the 
condensate can freeze in the lines, and design must address this problem. Some plants 
dry all their compressed air, using the techniques of the next section, in order to mitigate 
these problems. In this connection, refrigerated dryers that produce dew points of about 
5°C are usually considerably cheaper than desiccant dryers. 


12.5.2. Purified Air 

Air used in the process or in instruments and their tubing must be quite dry. In a chlor- 
alkali plant, maintenance work is often necessary in areas in which chlorine vapor may 
be present. A secure supply of uncontaminated air is then necessary, and some plants 
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provide a dedicated breathing air system to meet this need. This section discusses the 
drying of air for the former application and the purification and distribution of air for the 
latter. 


12.5,2.1. Instrument Air and Dry Air. Instrument air and “dry air” intended for use 
within the chlorine processing system both must have very low dew points. A common 
specification level is —40'^C, but the specification particularly for dry air may be lower. 
Modem plants meet this demand by using desiccant dryers. Drying agents include silica, 
alumina, and molecular sieves. The size of the desiccant beds depends on the flow 
rate and the inlet humidity of the air. The latter is one of the important general project 
criteria. The drying system sits in line after the compressor’s outlet buffer and has at 
least two beds of desiccant. While one operates, the other is regenerated. There are two 
common modes of regeneration. In one, heating the bed while sweeping it with air drives 
off the adsorbed water and restores the capacity of the desiccant. The regenerating air 
and the evaporated moisture exhaust to the atmosphere. This also can be a closed-loop 
regeneration, with the air or nitrogen from the bed cooled to remove water, recompressed, 
and reheated to provide the energy to drive off more water. Heating can be by high- 
pressure steam, fuel, or electricity. External heaters, on the regenerating gas line, and 
internal heating elements both are used. With the latter type, special care is necessary 
in order not to overheat some of the desiccant. The regeneration schedule includes time 
for heating and cooling the bed. The second mode of regeneration uses the pressure¬ 
swing technique. Some of the dry compressed air from the working bed is let down 
nearly to atmospheric pressure and sent to the off-line bed. The combination of low 
pressure and dryness gives the air a great capacity for moisture, and it is able to remove 
the water from the exhausted bed very efficiently. This air can be heated to supply the 
energy of vaporization of the adsorbed water. The supply compressor and the drying 
beds must be sized to handle the regenerant flow as well as the process demand. The 
regenerant flow depends on the outlet pressure of the working bed (pressure loss in the 
drying system usually is about 30kPa). The flow can be less at higher pressure. As a first 
approximation, the amount of regenerant purge necessary to maintain a final dew point 
of -40°C is 


% = 


12,000 

P 


(7) 


where 

% = required recycle, % of output 
P — bed outlet pressure, kPa 

At a pressure of 600 kPa, for example, 20% of the air must be recycled (a 25% 
increase in throughput). More recycle would be necessary to maintain a lower dew 
point. 

In any case, the operating and regeneration times are equal (a practical necessity in 
a two-bed system) and usually are several minutes each. Several operating systems were 
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found to be designed with an air space velocity in the drying columns of about 6 min“^ 
This may vary widely. With the short running time of an individual bed, automatic 
switching is the normal practice. 

With their similar specifications, instrument air and dry air can be generated in the 
same system, but they should be supplied in separate headers. There is nothing unusual 
about the instrument air supply in a chlor-alkali plant, and so it will not be discussed 
separately in this book. 

Dry air is used when air is to be injected into the process anywhere on the high- 
pressure side or after the drying columns on the low-pressure side. When dilution of 
the tail gas is necessary in order to prevent accumulation of dangerous concentrations 
of hydrogen, the major consumer will be the liquefaction system. Other points of use 
include compressor seals, purging and maintenance connections, suction chiller bottoms 
pot connections, and anhydrous caustic processing equipment. 

The immediately obvious hazard in a dry air distribution system is the entry of 
chlorine into the air lines during pressure reversals. Some plants use non-return valves 
to protect against this. The reliability of these valves is questionable, and the authors 
recommend the use of automatic valves that close when the differential pressure across 
them reverses. Figure 11.51 illustrates this technique in a different application. These 
valves can be used in conjunction with non-return valves when some redundancy is 
desired. Section 12.7.2 reviews some of the arrangements used to connect air and other 
utilities to process systems. 

The dry air supply can be backed up by nitrogen or instrument air when the available 
supply of those utilities is large enough. They can also be used as backup or replacement 
at individual locations, subject to the caveat of Section 12.5.3. 

72.5.2.2. Breathing Air, Breathing air systems should be dedicated and not integrated 
(except possibly at the atmospheric side) with other air systems. Oil-free compressors 
are necessary, with intake and outlet filters and frequently a carbon adsorber to purify 
the air. The air must not be bone dry. It should have enough humidity to keep a worker 
comfortable. The delivered air should meet the Compressed Gas Association’s specific¬ 
ation G-7.1. Electric motor drives are preferred, as they are least likely to contaminate 
the air intake. The compressor should have a high-temperature alarm, and the quality of 
the air should at least be checked frequently. 

In the air distribution system, all takeoffs should be from the top of the pipe or header. 
Headers should slope towards their ends and should include terminal drain/blowdown 
valves. Connection points for hoses should be standardized throughout each plant and 
should carry prominent reminders to blow out the line before use. 

There are two types of mask in general use—constant-flow and demand-supply. 
Tight-fitting constant-flow masks require about 7 Nm^ hr”^ of air. The loose-fitting type 
requires about 50% more. Demand-type masks require up to SNm^hr”^ Ventilated 
suits will consume 25-50 Nm^ hr”^ 

Breathing air is not supplied as a pipeline utility in all plants. There are many 
approaches to the problem of supplying emergency breathing air, each with its own set 
of advantages and disadvantages, as summarized in Table 16.1. 

There should be no connections of breathing air to process systems. Connections 
to other air systems should be made only after thorough review (Section 12.7.2). 
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12.53. Nitrogen 

Nitrogen is valuable for its dryness and its inertness. Both are useful in the chlorine 
process, and inertness is desirable in the hydrogen process. Most plants purchase nitrogen 
as the liquid and supply it to the processing units through a packaged vaporizer, which 
often remains the property of the gas supplier. 

Nitrogen is much more expensive than air, and the possibility of its entering an air 
distribution system must be rigorously excluded because of its asphyxiant properties. It 
offers some advantages in compensation. Its dew point usually is lower than that of dry 
air, and its dryness is more reliable and not subject to desiccant bed breakthroughs. In tail 
gas processing, while this may not be recognized in the specifications set for hydrogen 
content, nitrogen is also a more effective diluent than air (Section 9.1.11.1). 


12.5.4. Backup Systems 

Backup supplies are always useful when a utility is lost. Spare equipment or multiple- 
train equipment may be used in order to keep the utility on line even if one part of the 
system shuts down. An alternative or supplement is to provide backup from a different 
utility system. The number of different air systems found in a plant provides an oppor¬ 
tunity to do this. Moreover, nitrogen can be used to back up some of the air systems. All 
these tie-ins require careful review during hazard analyses. Usually, the backup supply 
is activated when the primary supply loses a certain amount of line pressure. If this is 
done by means of a single pressure regulator and the pressure is also low on the backup 
system, the flow may be opposite to that intended. It is essential to keep nitrogen out of 
an air supply to a confined, inhabited space (e.g., the instrument air supply to a control 
room), and it is essential to keep air out of nitrogen when it is used as an inert gas. 


12.6. VACUUM SYSTEMS 

For convenience, we include vacuum services among the utilities. While true utilities 
are supplied plantwide from a central location, vacuum producers in a chlor-alkali plant 
tend to be more dedicated to a single duty and installed near the point of use. Major 
applications in the process, keyed to the sections in which they are discussed, include: 

1. brine sludge filtration (16.5.1.3) 

2. brine dechlorination (7.5.9.2A) 

3. chlorine system evacuation and purging (9.1.12) 

4. caustic evaporation (9.3.3) 

5. brine evaporation (7.1.5.2) 

6. deaeration of brine (7.3.2.3) 

The discussion of vapor-recompression evaporation in Section 7.1.5.2B distinguished 
between mechanical and thermal recompression. Vacuum systems (Section 12.6.1) can 
be divided in the same way between those relying on compressors and those using eject¬ 
ors. Hybrid systems using both types are also quite common. Since the amount of vapor 
that it handles fixes the size of a vacuum producer, removal of evaporated water between 
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the process and the source of vacuum is a nearly universal technique in chlor-alkali 
plants. Removal of the condensate, which is under vacuum, requires special attention. 
Vapor condenser selection, arrangement, and piping, therefore, are important aspects of 
vacuum system design (Section 12.6.2). Methods of process control, principally a matter 
of maintaining the desired pressure at the process unit, depend on the type of vacuum 
producer being used (Section 12.6.3). 


72.6.7. Sources, of Vacuum 

The first step in choosing a vacuum source is the definition of its duty. The process itself 
dictates operating conditions, but the designer must consider both startup and steady- 
state operation and also take into account the leakage of air into the evacuated system. 
An important example of the difference between startup and steady duty is the caustic 
evaporator. Startup requires a much greater rate but for only a short time. Common 
practice therefore is to supply two sources. A large source, for example a “hogging” jet, 
takes care of startups. A smaller parallel unit avoids the consumption of large quantities 
of steam or power during regular operation. 

The steady-state duty includes vapors generated in the process and air that infiltrates 
the equipment. Estimation of the latter quantity depends on the size and arrangement of 
the relevant equipment and piping. Engineers will be familiar with the curves published 
by the Heat Exchange Institute for what are defined as “commercially tight” systems. 
Here, the rate of infiltration is assumed proportional to the two-thirds power of system 
volume. More elaborate, and one presumes more accurate, methods take account of the 
number, sizes, and types of fittings, valves, welds, etc. These methods and the standard 
factors for estimating leakage are in the publications of vacuum system vendors [181 and 
in process engineering textbooks [19]. 

The choice of apparatus normally comes down to a selection of steam jets or 
mechanical equipment. Important design factors include: 

1. gas(es) to be handled; 

2. process load (minimum and maximum); 

3. air leakage; 

4. allowable pump-down time; 

5. range of pressures required; 

6. presence of entrained solids or liquids; 

7. noise. 

The nature of the gases being evacuated determines the materials of construction and their 
molecular weight influences the duty of the vacuum producer. Items 2-4 fix the capacity. 
In addition to the usual overdesign factors one finds in process work, the allowance for 
air inleakage is often quite generous. Vacuum systems, as a rule, are well oversized 
for their actual duty. When the system remains tight, this has implications in process 
control (Section 12.6.3). Item 5 is an important differentiator among vacuum systems, 
and it usually determines the number of stages required. In normal chlor-alkali vacuum 
applications, which exhaust at essentially atmospheric pressure, the suction pressure 
is the determining variable. In vapor-recompression operations, the discharge pressure 
is equally important. Solids entrainment can affect the equipment by erosion and can 
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seriously reduce the capacity of a steam jet. Solids also can damage sliding-contact 
vacuum pumps. While the more elaborate mechanical pumps offer high efficiency and 
minimum pollution, they are limited to service with clean, dry gases and also suffer from 
the need to displace large volumes of gas at low pressure. Liquid-ring pumps are more 
common in chlor-alkali plants. They offer higher thermal efficiencies than steam jets and 
can handle higher concentrations of entrained solids or liquids. In closed-circuit systems, 
they also produce less pollution. Steam jets are very simple, with no moving parts, 
and are the cheapest systems to install. Here, we consider only liquid-ring pumps and 
steam jets. The Heat Exchange Institute publishes “Performance Standards for Liquid 
Ring Vacuum Pumps” and “Standards for Steam Jet Vacuum Systems.” Members of 
the relevant committees [20,21] have published summaries of the major points of the 
then-current standards. 


72.6.7.7. Liquid-Ring Pumps. Many smaller plants, in particular, compress chlorine 
with liquid-ring pumps. Section 9.1.6.2C discusses the mechanism of their operation, 
and Fig. 9.23 is a typical flowsheet. Here, we consider them as sources of vacuum. 

Liquid-ring systems differ in their handling of the pumped seal liquid. Once-through 
systems discharge all the liquid from the gas-liquid separator into a collection system 
or send it to waste. This has the advantage of simplicity and is the basis for many 
systems that do not handle chlorine. Brine filtration is an example. It is unacceptable 
when discharge of the liquid presents a pollution problem. The opposite approach, full 
recycle of the liquid as in Fig. 9.23, minimizes discharge but involves the expense of a 
recycle cooler and, in many systems, a recycle pump. An intermediate approach is to 
provide enough fresh liquid to remove the heat of compression and maintain the process 
temperature, and to recycle enough to satisfy the liquid-handling capacity of the pump. 
This technique saves much of the liquid supply without the expense of a return pump or 
cooler. 

There always is a net change in the quantity of water in a “closed” system. When 
there is a net evaporation into the compressed gas, one needs simply to arrange for 
makeup of fresh water. If some component of the gas being compressed is absorbed into 
the water, there may also be a need for blowdown to control its concentration. When 
there is net condensation of water, as in most applications in this volume, there is a need 
for a controlled purge of water into an appropriate recovery system. 

Discharge piping between the vacuum pump and the separator should be as simple 
and as low as possible. Frequently, the two are close-coupled. If necessary, some increase 
in elevation above the pump discharge flange is acceptable, but this puts a backpressure on 
the pump and increases its power demand or reduces its capacity. With the live mechanical 
load and the desire to keep piping compact and even close-coupled, piping stress can be 
an important consideration. Careful design or the use of flexible connections is necessary. 

Liquid-ring pumps require shaft seals. A simple lantern-ring arrangement appears 
on some models and requires a flow of cooling liquid. Recycled liquid is acceptable in this 
duty. However, mechanical seals are preferred in most chlorine-handling applications. 
Double seals with separate supplies of clean fluid are the standard. 

Recycle of the sealing liquid from the receiver to the pump presents no unusual 
or especially difficult problems. The proper materials of construction are necessary, but 
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design of the recycle cooler is straightforward. The liquid may be saturated with a gas 
such as chlorine at separator pressure. This means that the return system, especially one 
without a pump, must be able to handle a certain amount of evolved gas. 

The basic materials of construction of a liquid-ring pump depend on the gas being 
removed. In non-chlorine applications, for example brine filtration, pump bodies can be 
of carbon steel and water can serve as the sealing fluid. There may be some upgrading of 
materials, particularly in small parts and seals, because of the possibility of entrainment of 
process liquids. When chlorine vapor is expected to be present, as in brine dechlorination 
or purging of certain equipment, the combination of carbon steel and a water ring is 
not acceptable. We have already noted the use of sulfuric acid as the liquid ring in 
chlorine compression. In brine dechlorination, the amount of water vapor in the gas 
would consume excessive amounts of acid. Since vacuum levels are modest, a water 
ring is operable. The material of construction problem is solved by the use of titanium or 
lined materials. The combination of a titanium impeller with a ceramic-lined body has 
found use in brine dechlorinators. 


72.5.7.2. Steam Jets and Hybrid Systems, Steam jets have the important advantage of 
availability in a variety of higher materials of construction. This may be a decisive factor 
in, for example, brine or condensate dechlorination. Their design is simple, with no 
moving parts, and they can be mounted in any position and in any orientation [22]. Their 
operation is simple, and startup and shutdown are particularly straightforward. They can 
handle a gas that contains condensable components. When used in chlorine service, on 
the other hand, they produce vapor and condensate that are contaminated with chlorine. 
Backflow of steam into the process system is an inherent possibility, and process design 
must guard against this where it is objectionable. Steam jets also are noisy and may 
require housing or special insulation to meet environmental standards. 

The maximum compression ratio achievable by a jet usually is about 6 or 10:1. 
Practically, ratios are limited to lower values, and multistage jets are necessary in evap¬ 
oration systems. While process and equipment design have much to do with the selection 
of the number of stages, the tabulation below is a rough guide to the absolute pressures 
that can be produced by two to four vacuum stages: 


No. of stages 

Pressure (torr) 

2 

5-20 

3 

0.5-5 

4 

<0.5 


Figure 12.9 is a flowsheet for a system with two stages. Mechanical pumps can achieve 
the ratios required in chlor-alkali plants in a single stage. 

Ejectors must transfer work to the low-pressure fluid, and so there is always a 
loss of enthalpy from the system. Expansion of the motive steam and compression of 
the mixed fluid are more nearly isentropic [23]. An isentropic expansion can cross the 
saturation curve and enter the two-phase region. This fact is an important consideration 
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FIGURE 12.9. Two-stage steam-jet vacuum system with barometric condensers. 


in the design of ejectors. The loss of enthalpy and the entrainment ratio produced, both 
functions of the efficiency of the jet, are important to the design of the evaporation plant. 

To analyze the behavior of an ejector, we recognize three distinct stages of operation, 
as shown in Fig. 12.10: 

1. the motive steam expands and produces work (a-b); 

2. the expanded steam transfers some of its momentum to the fluid which is to be 
entrained (b-c); 

3. deceleration of the mixed fluid in the expansion zone (the diffuser) abstracts 
work from the fluid and produces higher pressure (c-d). 

We assign the efficiencies ??i, and to these regimes. The unit enthalpy of the mass 
Ml of motive steam at supply conditions is H \. After isentropic expansion to the pressure 
in the nozzle, this enthalpy becomes H 2 . The steam entrains the mass M2 of low-pressure 
vapor, and the unit enthalpy of the mixture at low pressure is 7/3. The mixture, of mass 
Ml + M2, is compressed in the diffuser and acquires the unit enthalpy at the outlet 
of the ejector. 
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Hz 
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d 

+ M 2 
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FIGURE 12.10. Analysis of steam-jet operation. 



The work produced by isentropic expansion of the motive steam would be 
H 2 ). Applying the efficiency of this step, we have 


= ( 8 ) 

The total amount of work produced in the process also depends on the efficiency of 
momentum transfer, 


Wv = - H 2 ) (9) 

The work required for isentropic compression in the diffuser would be (Mi + M 2 )(H^ — 
7 / 3 ). Since work is supplied at the efficiency rfi, we have for the actual work of 
compression 


Wc = 


(Ml + M2)(7/4 - 7 / 3 ) 

m 


( 10 ) 


The work produced (IVp) must equal the work consumed (Wc), and so we have 


E(Hi - 772) - 


(774 - 773 )(Mi + M 2 ) 
Ml 


where E = combined efficiency r;i»72>?3 

Solving for the entrainment ratio 7?e = M 2 /M 1 : 


E(Hi - 7 / 2 ) 

(774 - 773) 


( 11 ) 


( 12 ) 


Typical values of E are 0.75-0.80. Note that this is a mechanical efficiency calculated 
from the effectiveness of transfer of kinetic and compression energy, with the steam 
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discharged along with the process load as a gas. In the typical evacuation process, the 
steam is condensed and its latent heat wasted. The thermal efficiency of a steam-jet 
installation, therefore, is usually quite low. 

Example. We wish to operate an evaporator at 165 kPa with condensing steam at 205 kPa. 
Saturated steam is available at 1,135 kPa for thermal recompression of the vapor. From 
the steam tables, the enthalpies in kJkg“^ at the connection points are: H\ = 2,782, 
H 2 = 2,442, 7/4 = IJOl. Equation (12) also requires 7 / 3 , which is the enthalpy at an 
internal point. Its estimation requires the use of the individual efficiencies described in 
the text. We assume y}\ = 0.98 ,772 = 0.85, and 773 — 0.95. 

H 2 is below the saturation enthalpy, and so there will be some condensation of the 
motive steam. First, we calculate H 2 ': 

77i - H 2 ' = 771 ( 7/1 - 7 / 2 ) = 0.98(340) = 333,2 
Hr = 2,449 


This corresponds to a steam quality of about 89%. This is the result of just the expansion 
of the motive steam. After it transfers momentum to the evaporator vapor, the enthalpy 
is lower and the quality correspondingly higher: 


(1 - 772 )( 7 /i - 7 / 2 ) = (xr^ - xr)^ = 51 


where k is the latent heat of vaporization (2,220kJ kg“^) and xr and xr^ are the steam 
qualities before and after transfer of momentum. This process, therefore, raises the 
quality to about 91%. Isenthalpic mixing of the expanded steam with the process vapor 
once again increases the quality (barring entrainment of liquor from the evaporator). 
Since we do not yet know how much vapor is entrained by the steam, this new quantity, 
X 3 , requires trial-and-error calculation. Since our interest is in the method, we anticipate 
the result and write X 3 = 0.95. Applying this at the conditions of the nozzle, we have 
7/3 = 2,588. The mixture leaving the ejector has the enthalpy 7/4 — 2,707. Now we can 
write 


Re 


E(Hi - H2)/{H4 - 7 / 3 ) - 1 


= (0.98)(0.85)(0,95) 


(2,782-2,442) 


(2,707 - 2,588) 
0.7913(340)7(119) - 1 = 1.26 


Each weight of motive steam therefore entrains 1.26 weights of vapor. About 45% of 
the flow from the ejector nozzle is newly added steam. This number varies inversely 
with the enthalpy of the motive steam and directly with the compression ratio of the 
process vapor. The consumption of fresh steam is a fundamental limitation on the steam 
economy that can be achieved in thermal recompression. 

The motive steam to a jet should be dry, with some superheat, and at a pressure 
suited to the rating of the jet. A pressure regulator in the steam line can produce some 



1208 


CHAPTER 12 


superheat if any liquid droplets in the supply first are removed. Most jets operate in the 
range of 5-15 bars, but some are designed for high-pressure steam. It is most important to 
keep the steam dry, and designers should ensure that the lines approaching a jet are well 
insulated, always remembering that instrument connections can be small condensers. 

When the process requires a high compression ratio, ejectors can be installed in 
series. The simplest arrangement for a multistage ejector system would simply feed the 
output of one stage to the next. The later stage therefore would have to educt the steam 
from the earlier stage along with the process load. In a multistage system, this can lead 
to large multiplication of steam flows. Once the absolute pressure is high enough to 
produce a dew point well above the cooling water temperature, it becomes economical 
to install interstage condensers. These remove condensable vapor and so reduce the load 
on subsequent stages. They also limit the carryover of solids and process liquids and can 
reduce the concentrations of corrosive substances in the vapor. An aftercondenser will 
have the same effects and will reduce the amount of steam exhausted to the atmosphere. 
We discuss types of condensers in the next section. 

Steam jets operate off the kinetic energy of the motive steam and make little use of 
its heat content. Their thermal efficiency as a consequence is very low. As kinetic energy 
machines, however, their efficiency does not suffer from the large volumes of gas that 
must be moved when the pressure is low. At 50 torr, for example, the specific volume of 
saturated water vapor is about 25 m^ kg“*. Displacement-type machines increase rapidly 
in size and begin to work very hard as suction pressure declines. Below about 10 torr, 
their thermal efficiencies begin to fall into the same region as those of steam jets [24]. 
Water-ring pumps in particular lose efficiency at deep vacuum, where the vapor pressure 
of the water becomes a significant fraction of the suction pressure. The comparative 
advantages of vacuum producers, therefore, shift with the design suction pressure. In a 
multistage system, this creates the opportunity to assemble a system more cost-effective 
than one based entirely on either pumps or jets. 

Hybrid systems can combine the relatively high efficiency of steam jets at low 
pressure with the better performance of liquid-ring pumps at higher pressures. The steam 
jet(s) will be the first stage(s) in the system. After the vapor that is being exhausted has 
reached a sufficiently high pressure, a liquid-ring pump raises it to atmospheric pressure. 
Figure 12.11 shows the thermal efficiency of a hybrid system compared to those of steam 
jets on the one hand and a two-stage liquid-ring pump on the other. At high suction 
pressures, the hybrid arrangement is no more efficient than the liquid-ring system. At 
lower suction pressures, where the efficiency of the pump begins to fall off rapidly, the 
efficiency of the hybrid system declines much more slowly. In the example shown, at 
those suction pressures where liquid-ring pumps are not functional, the use of a pump 
as the final element gives a system more than three times as efficient as one based on 
steam-jet ejectors alone. 

12.6,2. Vapor Condensers 

Condensers may be indirect surface units or direct-contact barometric condensers. Sur¬ 
face units prevent contamination of the water used for cooling. This may be a decisive 
advantage when waste treatment of the cooling water is necessary. Barometric condens¬ 
ers usually are cheaper and are widely used in chlor-alkali applications. In a caustic 
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Suction Pressure, torr 

FIGURE 12.11. Relative efficiency of combination of jet and vacuum pump. 


evaporator, for example, plant cooling water often is used as the cooling medium and 
then returned, along with water condensed in the process, to the sump of the cooling 
tower. With properly selected locations, this return can be by gravity. The condensed 
vapor becomes high-grade makeup water to the cooling tower. 

An essential feature of a barometric condenser is its elevation. As Fig. 12.9 shows, 
the discharging water must be at atmospheric pressure at the point of overflow from the 
collecting vessel, or hot well. The tail pipe (or “barometric leg”) connecting the condenser 
and the hot well must provide enough static pressure to overcome the difference between 
the system pressure and the atmosphere. 

The barometric condenser depicted in Fig. 12.9 is a countercurrent-flow unit. Some 
units operate in cocurrent flow. One of the advantages of the countercurrent arrangement 
is the closer approach that is possible between the temperature of the discharged water 
and its saturation temperature. In a well-designed unit, this can be as little as 2.5-3°C. 
The cooling water flow required is 





(13) 


where 

W = water flow, kghr“^ 

Q = heat duty, kcal hr“' 
tg = saturation temperature of vapor, °C 
/w = inlet temperature of cooling water, 
fa = temperature approach, 

Any of the common heat/mass-transfer devices can, in principle, be used to subdivide 
the water flow. Spray systems and baffle plates are most common. 

Piping arrangements are very important [25]. Pressure drops must be very low 
because of the low absolute pressure on the gas side and the use of flashing gravity flow 
on the liquid side. Condensate piping between condensers and hotwells should have a 
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continuous slope of at least 45° and as few changes in direction as practicable. The tail 
pipe should be submerged at least 30 cm in the hotwell and should end at least 30 cm 
above the floor. In a very large system, the distance of the end of the tail pipe from the floor 
of the hotwell should also be more than half the diameter of the pipe. Vapor lines should 
be arranged to prevent accumulation of liquid. Because of the possible condensation of 
vapor, they should have no pockets, and their connections to condensers should prevent 
any backup of condensate or, in a direct-contact condenser, cooling water. 

The height of the tail pipe should be comfortably above the equivalent height of 
a column of water at the highest atmospheric pressure that may be encountered. The 
recommendation of the Heat Exchange Institute is equivalent to about 102mmkPa“^. 
Finally, the size of the hotwell should conform to the length and diameter of the tail pipe, 
with a 50% margin in its volume. When condensate is removed by pumping from the 
hotwell, it should also meet the usual holdup requirements of a pump tank. 

All references to water and condensate so far have assumed that they are removed 
at atmospheric pressure. It is also possible when desirable to remove them while still 
under some vacuum. This permits the use of a lower-level condenser but requires a pump 
of proper design for the service. 

The pressure drop in vapor piping should be very low. What is considered a reason¬ 
able line loss in a pressurized system can be a substantial fraction of the absolute pressure 
needed at the source. Line velocities also should be limited. At typical dechlorination 
system pressures, a maximum of 45 m s“ ^ is desirable. With evaporators operating below 
lOkPa, 55 m s“^ is more typical. 


12.6.3. Process Control 

The discussion of vacuum sources pointed out that most are well oversized for their 
duty. Most systems, therefore, have some form of pressure control. Control can be by 
throttling or, more often, by addition of a false load. Pressure control by suction throttling 
does not reduce the energy consumed by a jet or a liquid-ring pump with a given duty. 
Rather, by increasing the vacuum at the source it can increase the duty by allowing more 
air inleakage. 

The false load added to provide control will be steam or air. The best choice for 
a steam-jet system is steam, which condenses in the interstage exchangers and adds 
very little to the loading on following stages. Air, on the other hand, passes through the 
system and carries uncondensed water with it. All this vapor becomes part of the load 
on the ejectors. The control steam can be supplied from the plant mains or, with less 
cost and somewhat lower effectiveness, it can recycle from the outlet of one of the jets. 
Air is a better choice for the false load on mechanical pumps, as it avoids any problem 
with condensation of water in the machinery. Liquid-ring pumps can accept either air or 
steam. The use of air adds less to the cooling load. In the case of brine dechlorination, 
however, added air accompanies the regenerated chlorine into its recovery process. When 
this process is liquefaction, the air reduces the efficiency of recovery, and so the use of 
steam is preferred. 

With a liquid-ring pump, as with most mechanical systems, the most energy- 
efficient means of pressure control is a variable-speed drive on the pump. There is a 
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particular limitation in this case, however, because a certain minimum speed is neces¬ 
sary to keep the rotating ring of liquid intact. Another characteristic of the liquid-ring 
pump is that it requires a certain minimum load in order to avoid cavitation. It is not 
possible to run such a pump under shutoff conditions without a bleed line from the 
receiving vessel back to the pump casing. 

An alternative already discussed for the dechlorination process is operation without 
pressure control (Section 7.5.9.2A). In situations where there is no harm in allowing the 
vacuum to go beyond that strictly required by the process, the excess capacity inherent 
in a vacuum producer may help a process by producing results better than design. 


12.7. UTILITY PIPING AND CONNECTIONS 

72.7.7. Utility Piping and Headers 

Utility headers for the most part are carbon steel. Construction is conventional, and 
steam piping is probably the most specialized, its wall thickness and construction being 
functions of the pressure level. The sizes of the major headers give them great influence 
on the layout of pipe racks and equipment location. Sizing of utility headers differs from 
sizing of process lines in several ways: 

1. Utility headers are more likely to be designed for later expansion, because 

(a) increased demand may be caused by addition of new operations as well as 
by expansion of capacity 

(b) modular expansions of production capacity usually are not accompanied by 
expansions of utility capacity in the vicinity of the process. Rather, the utility 
capacity is increased in the “utility area,” and the traffic in the main headers 
increases 

(c) later duplication or replacement of utility headers is extremely disruptive as 
well as expensive. Pipe racks, unless designed for expansion, may lack both 
space and structural strength 

2. The pressure drop per unit length of pipe is lower in utility headers, in order to 

keep the total system pressure drop low, because 

(a) the value of the utility may decline along with its pressure (steam, e.g., loses 
some of its thermal potential when its pressure drops) 

(b) available pressure drop through users should be reasonably constant 
throughout the plant 

3. Utilities are more subject to variations in flow, and the maximum may be much 

greater than the average. 

4. Certain utility water lines are subject to fouling. 

Design of utility piping should consider pressure drop per unit length, total system 
pressure drop, and line velocity. Limiting the velocity reduces erosion and noise level. 
Because of item 2 above, design pressure losses tend to be quite low. Also, velocity is 
more likely to be the size-determining criterion in utility headers than it is in process 
lines. Steam velocities depend on quality and supply pressure. Typical design rates for 
superheated steam are from 35 up to 100 m s“^ Saturated steam moves at 30-50 m s“^ 
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Sonic velocity also is a consideration when steam is handled under vacuum, as in an 
evaporator. It depends on the specific heat ratio and the temperature. Using a typical 
value of the former, we have approximately 


Ms = 24.4 


(14) 


where 

Ms = sonic velocity in steam, m s”^ 

T = temperature,/T 

Maximum superficial condensate velocities are about 25 m s”^ In a given line, the 
velocity increases as the pressure drops and more liquid vaporizes. Vendors of steam 
traps and condensate systems can provide guidance and line-sizing charts. Water lines 
usually have velocities up to 3 m s“ ^ The designer must consider water hammer as 
well as velocity and pressure drop. Selection of valves and their closure time becomes 
important. Compressed air usually is transported at 5-8 m s“ ^ 


72.7.2. Utility-Process Connections 

When utility lines are connected to process lines or equipment, there is a danger of 
backflow of process material into the utility system and a danger of overpressurization 
of one system by the other. All connections of this kind require careful study during 
design and hazard analysis. Many plants review similar connections as a group and 
develop standard details. This standardization can include formal requirements for the 
number of layers of protection for each group. 

The hazard to be avoided may be: 

1. the process material itself (e.g., chlorine) 

2. the immediate physical or chemical effects of mixing the two materials (sulfuric 
acid and water) 

3. the especially severe consequences of contaminating the utility (potable water, 
breathing air, inert gas) or 

4. the unsuspected presence of a utility in the wrong place (intermixing of nitrogen 
and certain air systems) 

One way to promote reliability in the separation of two fluids is redundancy, and many of 
the arrangements used as utility-process connections include multiple devices. Reliability 
also increases with quality and with features designed to enhance the action of safety 
devices. An example of the latter is the use of internally force-loaded check valves 
(FLCVs) rather than the more conventional design. 

The paragraphs that follow give some idea of the considerations that apply to certain 
utilities. A connection to a cell-room header may also require a length of nonconductive 
pipe to prevent stray voltages and currents in the utility system (Section 8.4.1). 
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12,7.2.1. Potable Water. Every plant must have a potable water supply, and many use 
some of that water in other applications. Small plants in particular may receive all their 
water from local municipal (potable) systems. It then becomes necessary to prevent the 
backup of water connected to process systems into the drinking water system. 

There are many ways to accomplish this isolation. Combinations of check valves 
(FLCVs preferred) with regulators sometimes are used. These combinations must have 
sufficient redundancy and are better suited when the potential contaminant is not highly 
hazardous. 

Another common isolating device is the conventional backflow preventer. 
Figure 12.12 shows one type. Two FLCVs provide the first level of protection, along the 
top of the diagram. In many water applications, this may be sufficient. As an example, 
consider the connection of a source of minimally treated water to a neutral brine sys¬ 
tem. While backflow is undesirable, it does not create a great hazard. In more exacting 
applications, as in any using potable water, the automatic dumping feature of Fig. 12.12 
is added. With the normal pressure gradient from left to right, the force on both dia¬ 
phragms pushes the slide to the left. This is the normal (closed) position of the valve. If 
the direction of the pressure gradient shifts, the force on the diaphragms now pushes to 
the right, and the dump valve opens. 

A preferred system, which the process industries increasingly tend to use, provides 
a free fall or an air gap to achieve isolation. Figure 12.13 is the familiar break tank. 
As drawn, the water supply line does not enter the break tank. It should end at 
least two line diameters above the flood level of the receiver. The supply line can 
extend into the tank if a positive overflow is provided and the proper gap is main¬ 
tained between supply and overflow. Good practice then also includes a break in the 
overflow pipe. The disadvantage of a break tank, especially the open type, is the 
loss of line head when the water is held under atmospheric pressure. This can be 
restored by elevating the break tank or by pumping the water from the break tank for 
distribution. 

Some systems introduce the supply below the flood level of water in the receiver. 
Such a system should include a vacuum breaker mounted above the receiver to prevent 
siphoning back into the potable water supply. 



FIGURE 12.12. Typical backflow preventer. 
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FIGURE 12.13. Potable water break tank. 


12.7.2.2. Other Water. Lower grades of water require less stringent precautions. While 
any arrangement suitable for potable water can be used for other grades as well, sim¬ 
pler arrangements often are satisfactory. Multiple check valves without the automatic 
dumping feature of the backflow preventer were mentioned above. Manual disconnects 
(by way of flexible hose or pipe sleeve) are often used. They are most reliable when 
combined with a second level of protection, such as an FLCV on the process side of the 
break. Double-block-and-bleed systems are an alternative. Again, an FLCV (upstream 
of the bleed valve) improves the reliability. 


12.7.2.3. Steam. Steam connections to process resemble ordinary water connections. 
Pressure usually is of more concern than contamination, and connections to process 
systems without adequate design pressures must include some form of pressure relief. 
When steam is used to purge or humidify a process system, cooling after shutdown also 
can produce a vacuum. Protection is then required directly on the process system. 


12.7.2.4. Breathing Air. Breathing air is best not connected to the process or to a non-air 
utility system. It sometimes shares a compression system with another air system (e.g., 
instrument air). The separation between the two air systems then should be close to the 
source, for example, immediately after the receiving tank. Any connected lines should 
be fitted with check valves to prevent backflow into the common system. Design of an 
integrated system should include consideration of the possibility and effects of any other 
stream entering the breathing air system. 
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Pressure regulators should never be relied on as isolating devices. First, they do 
not always provide perfect shut-off. Second, if the pressure of the source falls below an 
already low downstream pressure, the regulator will remain open and allow massive 
backflow. A pressure regulator followed by a backpressure regulator will be more 
reliable. 


12.7.2.5. Dry Air and Nitrogen. Dry air connections also require special attention. The 
dry air system exists to serve the dry chlorine end of the process, and so the problem 
of backflow of process material is always an important one. The connections should be 
chosen accordingly. In many locations, the design intent will be to have dry air enter 
part of the chlorine system whenever the pressure falls below a certain level. The natural 
approach then is to supply pressure regulators. These have the disadvantages already 
listed. A more secure approach is to use on-off control valves that close whenever the 
differential pressure across them reverses its direction. 

Nitrogen may be used for the same purposes and with similar precautions. Whenever 
nitrogen is connected to an air system, its asphyxiation hazard requires review. If there is a 
possibility of infiltration into a breathing air system or release into a confined space, there 
must be adequate protection or abandonment of the plan to use nitrogen. An example 
sometimes overlooked is the use of nitrogen to back up an instrument air supply, with 
the possibility of use of nitrogen in a confined space behind a panel board, where there 
is always some amount of venting and leakage. 

A similar technique, more common with air systems, is to automate the familiar 
double-block-and-bleed arrangement. The first step in this design might be to replace a 
simple check valve with a differential-pressure control valve that shuts when the pressure 
differential reverses. This affords two levels of protection, unless one assumes that the 
check valve is fundamentally untrustworthy and always allows some backleakage. Check 
valves can, of course, be made more reliable by proper installation and by extra measures 
such as force loading. An elaboration on the diagram above is to add a second valve in 
the line that closes when the differential pressure is too low or even negative. Finally, the 
space between the two in-line check valves can be vented for more positive protection. 

Other elaborations might include the use of independent pressure switches rather 
than taking all control signals from a single transmitter. Figure 12.14 shows a typical 
automatic system. It also uses two block valves. The more secure arrangement has 
differential pressure measurement across each valve. When the pressure differential 


Utility 

Supply 



Process 

Connection 


FIGURE 12.14. Automatic double-block-and-bleed system. 
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reverses or drops below a preset value, the valve closes and prevents flow of the utility. 
The downstream pressure controller also activates the bleed valve. Air failure closes the 
block valves and opens the bleed valve. A simpler arrangement, when the consequences 
of backflow are less severe, depends on a single differential pressure measurement across 
the assembly. 
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Plant Commissioning and 
Operation 


13.1. INTRODUCTION 

Commissioning is the activity whereby the installed hardware of a new plant is trans¬ 
formed into an operational facility. Most works on industrial chemical technology ignore 
the subject. However, it is an extremely important topic, and the successful startup and 
subsequent operation of a new plant are critically dependent on the approach taken toward 
its commissioning. 

The commissioning and operating manuals for a chlor-alkali plant in combination 
with associated documents will be much thicker than these combined volumes. Only a 
brief discussion of the subject therefore is appropriate here. Commissioning will concern 
itself with every piece of equipment in the plant. Here, we will not attempt to cover minor 
equipment such as pumps or even major systems such as chlorine compressors and lique¬ 
faction machinery. Not a great deal concerning these items is unique to chlor-alkali plants, 
and there already is a substantial literature on their construction, installation, operation, 
and maintenance. This chapter therefore is restricted to guidelines for a commission¬ 
ing approach and organization (Sections 13.2-13.4); a sequence for precommissioning, 
commissioning, and starting up the major systems in the plant (Sections 13.5 and 13.6); 
and a more detailed discussion of cell room matters (Section 13.7). The discussion is in 
terms of a new membrane-cell plant. Section 13.8 then discusses normal operation. This 
concentrates on the cell room and particularly on the necessary procedures for changing 
the operating load on the cells. Other subjects treated here include plant performance test¬ 
ing (Section 13.9), technical standards or operating specifications (Section 13.10), and 
performance monitoring and analytical programs (Section 13.11). Because of the unique 
problems that it presents, the chapter ends with a discussion of the decommissioning of 
mercury-cell plants (Section 13.12). 

Key aspects to be highlighted are: 

1. Experienced personnel 

Because of the hazardous nature of the process and its very exacting requirements, 
commissioning personnel with appropriate operating experience are essential in key 
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areas. In those areas of the plant that handle liquid chlorine and in the cell room, where 
the membrane process is very sensitive to improper operation; the consequences of errors 
and upsets are significant delays and loss of profits. 

2. Systematic approach 

The plant should be divided into process systems, and the responsibilities for these 
systems should be individually assigned. Detailed consideration should be given to all 
precommissioning, commissioning, and operating requirements for these systems. 

3. Planning 

Consideration of the requirements for commissioning of plant equipment should 
begin at the outset of detailed design. It is useful to have engineering personnel 
with commissioning and chlor-alkali operating experience on the design team. They 
can ensure that proper provision is made for system commissioning. Construction 
planning must consider the requirements of commissioning and set priorities for ser¬ 
vices and the sequence in which systems will be commissioned. Detailed planning 
of all activities to be undertaken during commissioning is essential to a trouble-free 
startup. 

4. Operator training 

Among the prime responsibilities of the commissioning group are the compil¬ 
ation of operating instructions and the training of operators who will be able to 
operate the plant safely and competently. Depending on the type of contract, the 
responsibility for plant commissioning may lie with the owner/operator or with the prin¬ 
cipal contractor. In a turnkey arrangement, responsibility rests entirely with the 
contractor, who will furnish experienced personnel and manage this activity. At the 
other extreme, an operating organization with extensive experience may choose to 
manage commissioning directly, perhaps drawing upon the services of contractor 
and vendor specialists. The latter approach is more likely when a new plant is 
installed within an existing site (e.g., a conversion project). It then becomes import¬ 
ant to define clearly the contractual and technical responsibilities early in project 
planning. 


13.2. COMMISSIONING ORGANIZATION AND PLANNING 
13.2.1. Systems Approach and Personnel 

It is desirable to appoint a commissioning manager at an early stage in a project so that 
the manager can become fully acquainted with plant design and operational philosophy. 
A commissioning manager may typically be a process engineer involved in the basic 
design of the plant, a chlorine plant manager, or someone contracted in with experience 
in commissioning and operation of chlor-alkali plants. 

The commissioning manager will be supported by a team of engineers who will be 
allocated responsibility for their own areas or systems within the plant. It is expected 
that people recruited for these positions will already have experience of commissioning 
and operating the types of equipment in their areas. The number of such engineers 
required for a plant incorporating liquefaction would typically be three. Most frequently, 
an instrument engineer will also be required. 
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It is convenient to divide the plant into a number of systems, with responsibility for 
each assigned to a particular commissioning engineer. This split generally follows the 
process fluids, and systems typically are: 

• brine circuit, 

• catholyte loop, 

• caustic evaporation, 

• chlorine processing, 

• chlorine liquefaction, 

• chlorine absorption/hypochlorite manufacture, 

• hydrogen processing, 

• hydrochloric acid manufacture, 

• various utility systems. 

In addition to the core team, extra shift coverage will be necessary in the periods 
immediately before and after startup. Specialists will often be brought in from proprietary 
equipment manufacturers to assist and advise technically on the commissioning of their 
items of supply. Such items may include: 

• brine filters, 

• brine ion exchangers, 

• electrolyzers, 

• caustic evaporators, 

• hydrochloric acid burners, 

• transformer-rectifiers, 

• refrigeration units, 

• chlorine compressors, 

• distributed control systems. 

Operator involvement should begin as soon as systems are mechanically complete 
and are handed over for commissioning. Not only is this a good time to learn and to 
acquire hands-on experience, but the operators also will be performing useful work 
under the direction of the commissioning engineers. 

The laboratory staff also should support the commissioning effort. The demands 
upon analytical facilities will begin with the first introduction of chemicals to the plant. 
Laboratory personnel can then begin to become familiar with systems and techniques. 
The early establishment of routines, particularly on the brine system, is recommended. 


73.2.2. Planning 

A high-level commissioning plan for the entire plant should be drawn up, recognizing 
the order in which the systems should be commissioned and the services required by each 
system. It should specifically recognize those services that are needed for precommis¬ 
sioning and that should therefore be made available early. This plan should blend with 
the construction plan and determine the time line for commissioning and startup activ¬ 
ities. It is the authors’ experience that too often, inadequate planning leads to a failure 
to recognize the need to provide sufficient time for commissioning. Projects then fall 
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seriously behind schedule. This is particularly the case with modem plants provided with 
complex instmmentation and control. 

At a lower level of detail, there will be a plan for each system and each individual 
item. These plans will map the sequence of commissioning and set out the requirements 
for bringing individual systems on stream, leading up to energizing the cells, bringing 
output up to full rate, and demonstrating design performance. The detailed plans should 
include all necessary activities, which may include among others: 

• flushing and cleaning, 

• inspection of vessel internals, 

• pressure testing, 

• punch listing, 

• commissioning on air and water, 

• drying, 

• installation and testing of process instrumentation, 

• testing and tuning of control loops, 

• verification of trips and interlocks, 

• requirements for vendor specialists, 

• introduction of process fluids, 

• initial startup, 

• commissioning trials, 

• performance testing. 

Appointment of a commissioning planner to coordinate activities across the plant and 
to revise the master plan in light of the latest developments can be beneficial in large 
projects. The updated commissioning plan becomes the primary vehicle facilitating the 
commissioning manager’s regular planning/progress meetings. 

It is a good idea to develop checklists for the various categories of equip¬ 
ment and systems. These serve as control documents and, when a plant is built by 
a contracting firm, as forms for indicating acceptance of the various items. Thus, 
forms might exist for the various types of equipment, instruments, instrument panels, 
control hardware, civil works, structures, electrical systems, motor control centers, 
utilities, lighting, etc. Figure 13.1 gives a particular example created for storage 
tanks. 

Commissioning activities offer many opportunities to collect data that will be useful 
later on. These data include such things as tank level calibrations, pump output pressures, 
pressure drops through lines and equipment, exchanger capacities, rotating equipment 
stability and runout, and actual utility conditions. Part of the value of this information 
is in the diagnosis of future operating problems. There should be specific plans in the 
commissioning program to acquire such data. 


13.3. TRAINING 


Effective training of supervisory, operating, and maintenance personnel is crucial for 
a smooth startup and successful on-going operation. This section covers the approach 
to training for a new plant in which operator experience may be limited. 
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Prefabricated Storage Tank Checkout 


Tank Number_ 

Use_ 

Manufacturer_ 

Mfr’s Serial Number 
Mfr's Drawing Nos. _ 


Inspection results: 

General condition 

Paint/primer 

Cleanliness 

Orientation 

Leveled? 

Calibrated? 

Foundation 

Grounding 

Fire protection 

Welds 


OK 

NO 

N/A 
































Instrument list: 


Notes: 


Location 


Appurtenances: 


Jacket 

Coil 

Relief device 

Insulation 

Lining 



Settlement Test Data: 
Date 

Time start/end 
Temperature 
Medium: Water 

Other 

Height 

Test liquid 
Overflow conn.. 
Settlement readings 
Start 

_% full 

End 


Comments on operation of 
level instrument: 


The form usually has a signature block for 
responsible parties belonging to the manufacturer 
or contractor, the plant owner, and statutory 
authority where appropriate. 


FIGURE 13.1. Sample of equipment checklist fonn. 


Several different types of training, held in different venues, are useful. They include 
classroom instruction, observation of similar plants, and on-the-job training. The last of 
these is particularly useful for individuals or small groups being brought into an existing 
operation. On-the-job training also is useful, and indeed essential, in a new plant under 
the control of an entirely new group of operators. While startup offers opportunities 
for training, however, the functions are separate and should not be confused. Training 
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during startup and operation confirms in the most practical way what an individual has 
learned in earlier stages. It should never be used to justify less than complete coverage 
in classroom sessions. 

The content and emphasis of a training program must reflect the project in ques¬ 
tion. The proceedings of one Chlorine Institute Plant Managers Seminar documents the 
methods used in several widely different projects [1^]: 

• expansion of diaphragm-cell plant 

• expansion of membrane-cell plant, with derivatives and cogeneration 

• training of new shift supervisors for existing mercury-cell plant 

• chlorine packaging plant 

Training programs and methods also must suit the personnel being trained. Several 
different groups may be identified [5]: 

• managers and technical personnel 

• health and safety professionals 

• supervisors 

• operators 

• analytical staff 

• maintenance personnel and skilled craftsmen 

• emergency personnel 

• contractors 

The extent and content of training also will vary. Operators and their direct super¬ 
visors, for example, require the most extensive and specific training. While they must 
first have a good understanding of site programs and procedures, their specific training 
should concentrate on the chlor-alkali facility itself. Some of the content of a training 
program might be: 

• process documentation (manuals, drawings, etc.) 

• unit operations 

• reactions 

• control systems 

• raw and auxiliary materials 

• effluents and wastes 

• equipment 

• instrumentation 

• safety devices 

• operating procedures 

• critical operating parameters 

• emergency procedures 

• personal safety equipment 

• evacuation 

Among the duties of managers and supervisory personnel are such functions as 
establishing methods, instructing workers, assigning tasks, maintaining process equip¬ 
ment, maintaining safety equipment and supplies, and direct supervision. While they 
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should have a broad and fundamental knowledge of the subjects covered in operator 
training, they should also be trained intensively in the following areas [6]: 

• communication skills 

• safety inspections 

• accident investigation 

• permit systems 

• fire and electrical safety 

• materials handling 

• machine safeguarding 

• personnel training 

Certain people require more intensive training on utility or environmental systems. 
Besides suiting an individual’s needs, training programs should: 

• allow adequate time 

• balance class work and hands-on training* 

• provide feedback from students 

• measure effectiveness of the training 

Safety is always an important part of job training and especially so in a chlor-alkali 
plant. Trainees should be encouraged to pay close attention to the safety aspects of 
design and operation. One method recommended by King [7] is the use of job safety 
analysis (JSA). This is a formalized procedure in which analysts list the sequence of basic 
steps involved in a given task, consider the potential accidents that can occur, and then 
develop strategies and techniques of prevention. The National Safety Council of the 
United States [8] has developed standardized forms for JSA. 


13.4. DOCUMENTATION 

Required documentation is most efficiently collected in a series of manuals: 

• a Plant Operating Manual 

• a Plant Maintenance Manual 

• an Analytical Manual 

This section addresses the content of these manuals. 


13,4. L Operating Manual 

An operating manual should include at least the following material [9]: 

General description 

Chemistry (including electrochemistry) 

Raw materials, intermediates, products 
Raw materials and product specifications 


Process simulators are sometimes used and can be classified as hybrids. 
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Battery limit conditions 

Basis of design 

Material balances 

Operating conditions and controls 

Characteristics of reactions 

General nature of controls 

Process variables and their effects 

Technical standards (standard operating parameters) 

Effects of deviations 

Emergency equipment 

Safety valves and rupture discs 

Valve failure positions 

Alarms 

Trips 

Monitoring systems 

Protective systems 

Safety circuits and logic 

Personal protective equipment 

Maintenance of equipment and systems 

Plant operation 

Commissioning instructions 

First startup 

Normal startups 

Normal operation 

Emergency operation and shutdown 
Normal shutdowns 
Sample log sheets 

Analytical methods (list only; subject of a separate manual) 
Analytical schedule 
Cell handling 
Assembly 

Disassembly and renewal 

Handling and storage of components 

Transportation 

Safety information 

Material safety data sheets 

Process safety instructions 

Safety instrumentation and monitoring systems 

Medical surveillance 

First aid 

Use and maintenance of personal protective equipment 
Administrative controls 
Drawings 
Plot plans 

General arrangements (as appropriate) 

Process flow diagrams 
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Engineering flow diagrams (with line lists) 

Instrument loop drawings 
Control system functions 
Interlock and trip logic diagrams 
Equipment drawings/catalog cuts 
Data sheets 
Equipment 
Instruments 
Material hazards 

The operating manual should also address the precommissioning and commis¬ 
sioning activities treated throughout this chapter. The operating manual or a separate 
protocol should address the procedures and methods of measurement that apply to any 
test run. 


13.4.2. Maintenance Manual 

Maintenance information should be compiled and collated for all plant equipment. This 
“manual” may, in fact, be a sizable collection of books. Vendors will provide specifica¬ 
tions and maintenance requirements for equipment of their supply. There may be specific 
manuals for complex equipment (e.g., electrolyzers). 

There should be specific written procedures for routine maintenance of 
process equipment and instruments. There should also be specific written instruc¬ 
tions for isolation (piping and electrical) and decontamination of process equip¬ 
ment before maintenance, with particular consideration to procedures for vessel 
entry. 


13.4.3. Analytical Manual 

The analytical requirements of a chlor-alkali plant are extensive and include: 

• process control—^brine circuit/catholyte circuit/caustic evaporation/chlorine 
drying/compression and liquefaction/HCl 

• operational safety—hydrogen in cell room chlorine and liquefier tail gas/moisture 
in dry and liquid chlorine/NCla 

• incoming raw materials and reagents—salt/water/H 2 S 04 /HCl/brine treatment 
chemicals/reducing agents 

• product quality assurance—chlorine/NaOH/KOH/HCl/hypo/others 

• brine purity—see Section 13.10.4,1 

• electrolyzer operational efficiency—oxygen in chlorine/chlorate and hypo in 
depleted brine 

• effluent control 

Sampling techniques should be part of the description of each analysis. Procedures 
should cover all relevant impurities and all important streams. Section 13.11.2 gives 
a detailed list of analyses and a recommended schedule. The analytical schedule should 
be documented in both the Operating Manual and the Analytical Manual. 
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13.5. GENERAL PRECOMMISSIONING 

The purpose of precommissioning is to verify that all equipment is installed correctly 
and according to design specifications before operation or introduction of chemicals. 
This activity involves detailed checking of systems for completeness, compliance with 
mechanical flow diagrams and detailed design drawings, flushing and cleaning, pressure 
testing, and mechanical checks (e.g., direction of shaft rotation). Precommissioning is 
the time to check and test all temporary lines and tie-ins to existing systems. 

This section covers some of the general aspects of precommissioning. The following 
section, on commissioning proper, covers the different areas of a plant individually. Some 
of the activities described there can properly be considered precommissioning, but this 
arrangement seems to give a more logical organization of the material. 

A complete checklist will be of great benefit during precommissioning. This 
list should be developed specifically for each project. API 700, Checklist for Plant 
Completion, offers general guidance. 


13.5J. Flushing and Cleaning 

At this stage, sensitive instruments and control valves may be absent from the system, 
in order to prevent damage from any debris flushed through pipework, and replaced 
by temporary spool pieces. Strainers should be fitted to the suction lines of pumps and 
certain compressors. Orifice plates should be omitted. 

For initial flushing of tanks and mains to remove contamination and construction 
debris, an adequate supply of process water should be available. Its quality should be 
checked to ensure that no unacceptable contaminants are left in the system. Tanks may 
be washed out with hoses and then inspected through access manways. 

Liquor piping should be flushed through with water, using hoses attached to appro¬ 
priate flange connections. Air, nitrogen, steam, and water systems may be blown through 
with service fluids. 

Gas header systems that are too large to fill with water should be carefully inspec¬ 
ted visually and washed with hoses as appropriate. Smaller systems can be flushed in 
the normal manner if supports and structures are strong enough for the added weight 
of the water. Preparation of liquid chlorine piping is largely a matter of good practice 
as covered in Section 13.6.5, but there also are special considerations pertaining to the 
reactivity of chlorine and the need to dry all piping and components thoroughly [10]. 
Internal cleaning should be thorough and should remove all grease, scale, and rust—^all 
of which will react with chlorine. Chemical cleaning should follow hydraulic testing but 
precede pneumatic testing. Inhibited acids sometimes are used to remove scale. Many 
prefer phosphoric acid to HCl because it is less likely to attack the metal. Materials such 
as hydrocarbons and lower alcohols are explosion hazards when in contact with chlorine 
and so are not to be used. In any event, all traces of cleaning agents should be removed. 
Chemical cleaning sometimes takes place in the fabricator’s shop before delivery. In this 
case, the supplier should certify that the product contains nothing that can react with 
chlorine. All due safety precautions are necessary in these operations. 

After erection, pressure testing (Section 13.5.2), and inspection, all chlorine piping 
must be thoroughly dried and kept dry. The usual procedure is to purge the piping with 
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dry, oil-free air or nitrogen until the dew point of the exhaust is below —40°C. Because 
a gas purge may not affect dead legs, applying a full vacuum for 12-24 hr may be more 
effective than a gas purge in removing moisture from cavities in valves and fittings. The 
dry system should then be brought to a slight positive pressure with dry gas and sealed 
off by valves and, where appropriate, blank flanges. 

Spare valves and fittings must also be dry and free of reactive materials. While in 
storage, they should be tagged as ready for chlorine service and kept tightly sealed in 
impermeable plastic bags. Processing equipment for dry chlorine service must be equally 
clean and dry. Cleaning of equipment with complex internals may be more difficult than 
cleaning of straightforward pipe work. The trend toward use of aqueous cleaning agents 
rather than chlorinated organics complicates the task even more. Removal of organic 
materials is slower, and drying after cleaning is more difficult. Section 13.6.5.2 points 
out that the reaction of chlorine with residual materials after inadequate cleaning with 
aqueous systems can create a hazard. 


13.5.2. Pressure Testing 

The manufacturer usually sees to the testing of shop-fabricated vessels and pipework in 
accordance with vessel and piping design specifications. The owner’s inspectors often 
witness these tests, which may be those required for Code certification. Further testing 
on site will verify that joints are leak-tight, and it is particularly valuable on systems 
that handle hazardous materials. Testing of site-fabricated pipework is done in place in 
accordance with the piping specification. 

Site pressure testing may be by liquid, usually water (hydrostatic testing), or by 
gas, typically air, nitrogen, or steam (pneumatic testing). Hydrostatic testing is safer than 
pneumatic testing, because escape of the compressed test gas releases a large amount 
of compression energy (P-V work). Gas that is released suddenly is a hazard in itself. 
In addition, it may be accompanied by flying shrapnel. 

Hydrostatic testing is carried out at pressures above system design pressures; pneu¬ 
matic testing often is restricted to lower values. Under certain circumstances, however, 
hydrostatic testing may be unacceptable for technical reasons. These include: 

• design and construction of the piping system making it impracticable to fill it 
with liquid (e.g., hydrogen and chlorine headers); 

• residual test liquid cannot be sufficiently removed to avoid corrosion or hazardous 
interaction with process materials (e.g., electrolyzers, dry chlorine systems). 

Pressure testing is a construction responsibility. It should conform to piping or equipment 
specifications, and the owner’s or contractor’s responsible engineer should witness it. 
The following items require special consideration before a pressure test: 

• expansion bellows, which must be restrained or temporarily removed; 

• pressure relief devices and pressure reducing valves, which should be removed, 
blocked off by slip plates, or replaced with spools; 

• in-line items whose maximum cold-test pressure is less than that specified for 
the piping system; 

• positions of control valves; 
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• non-retum (check) valves, which must be removed and replaced by spools or 
have their internals removed; 

• all valves other than drains and vents open; 

• rotating equipment out of the test system; 

• all joints visible and not covered (e.g., by insulation); 

• brittle components, such as those made of glass, fully shielded or excluded 
from test; 

• large tanks and vessels disconnected or isolated by blinds marked with 
visible tags. 


13.5.2.1. Pneumatic Testing. In preparation for a pneumatic test, items which may be 
brittle (e.g., cast-iron valves) should be removed or fully shielded. Pressure then can be 
applied to the piping system under test and increased gradually to not more than 15% 
of the specified test pressure or 1.7 bar(g), whichever is less. After the first inspection 
for leaks, the pressure can be increased in increments of about 10% of the specified 
test pressure until that pressure is reached. Plastic systems are more likely to expand 
under pressure. Therefore, rates of pressure increase should be slower, and proof times 
under pressure should be longer. 

No one should approach the system for close inspection or for the application of 
bubble-forming test solution until the pressure has been positively reduced. A 30-min 
test time after a pressure reduction of 20% for inspection is satisfactory in most cases. 
It is especially important with pneumatic testing that the work area is isolated, that no 
other work is performed in the area, and that only those involved in the test work are 
present in the area. 


13.5.2.2. Hydrostatic Testing. In preparation for a hydrostatic test, the following should 
also be considered: 

• Risk of freezing: If there is such a risk, the water temperature should be 
above 7°C. 

• Provision of rigid support for piping normally held by springs or counterweights: 
This is to avoid damage due to the load imposed by the test fluid. The setting 
pins must not be removed from spring hangers before completion of testing and 
draining of the test fluid. 

Process fluids may be used for hydrostatic testing in some special cases, but water is 
the almost universal choice. The quality of the water is an important consideration. 
Residues from hydrostatic testing often lead to corrosion. Chloride ions in the water 
are frequently a problem in apparatus or piping that is vulnerable to stress corrosion. 
Scrupulous removal of test water may be important for this reason or may be necessary 
because of interactions of water or rusted surfaces with process fluids. 

A low-pressure pneumatic test often precedes hydrostatic testing as a quick and 
simple way to identify bad connections. The system then chosen for testing should be 
as large as is convenient and practicable. Some gas-processing lines and equipment may 
require additional support during hydrostatic testing. It is important to have the system 
liquid-full, and so the addition of water should be from a low point. Filling should be 



PLANT COMMISSIONING AND OPERATION 


1229 


at a reasonable speed, with careful venting from the high point of the system. Once 
a system is full, pressure can be increased in defined stages or at a steady rate. A typical 
program might include first inspection at 50% of the final test pressure, followed by 
increases in 10% increments. Again, the pressure should be reduced from the test level 
before starting inspection. The commissioning protocol should define the procedure for 
each system or item in the plant. High-quality pressure gauges of known accuracy are 
recommended. 

The test pressure should be held for the time set out in the commissioning plan 
(typically 30 min) but should never be exceeded. If a leak is found, the pressure should 
be dropped before undertaking work to correct it. Test water normally is drained to 
waste; vacuum relief while draining is then essential. No repair work should be done on 
a system that contains process fluids. 


13.5.3. Punch Lists 

A “punch list” is a document whose purpose is to identify all instances of nonconform¬ 
ance to specifications or good practice for correction by the construction team. After 
installation of a system, it is necessary to check it for completeness and compliance with 
all design documentation. The approach should be methodical. Systems may be broken 
down into smaller units following line references and equipment item numbers. The 
relevant commissioning engineer should be familiar with all drawings and specifications 
pertaining to the part of the plant to be punch-listed. All lines should be walked and all 
pipes, instruments, and equipment items inspected visually. 

The punch-listing process should be carried out in two stages. First, the preliminary 
list follows installation of equipment and pipework. Some instrumentation may still have 
to be installed. The final list follows completion of flushing, cleaning, pressure testing, 
and installation of all instruments. The following list is not exhaustive but shows some 
of the items that must be checked in a chlor-alkali plant. 

Materials of construction 

Gaskets (including absence of temporary flat-faced gaskets) 

Critical elevations 

Provision of condensate drains to avoid liquor locking 
Provision of vents to avoid gas locking 
Blanks fitted as appropriate 
Pipe supports 

Valves installed with correct flow direction 
Correct valve types 
Access to valves and field instruments 
Line slopes 

Adequate slope and lack of pockets in gravity-flow and free-draining lines 

Proper make-up of joints 

Correct installation of bellows 

Orifice plate orientation 

Fitting and connection of grounding electrodes 

Thermowell installation in liquor spaces in two-phase lines 
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Provision of insulation for personnel protection 

Orientation of gas pressure tapping lines to avoid condensate locking—^including AP 
flow measurement devices and upper connections of level measurement devices 
Lute depths 

Sample point access and drainage 
Lagging 

Proper direction of rotation of all drives 
Inclusion of temporary startup strainers 
Free movement of pipe guides 

The punch list should in the end discriminate between those items requiring imme¬ 
diate correction and those that can be taken care of after startup. The commissioning 
engineer should rely on his own judgment and experience as well as on design docu¬ 
mentation to identify and highlight any potential problems found during the punch-listing 
process. Where significant issues arise, it is appropriate to refer them back to the design 
team for assistance in resolution. 

13,5.4. Control Systems and Equipment Packages 

The use of vendor-engineered equipment packages is a common and growing practice. 
It allows the contractor and plant owner to take full advantage of the expertise of firms 
who are particularly adept in their specialties. While some details may be beyond the 
absolute control of the contractor or owner, specifications for all packages should include 
a requirement for thorough documentation of the necessary precommissioning and com¬ 
missioning activities. Packaged items often found in chlor-alkali plants include some 
utility systems, brine clarification systems, various types of filter, ion-exchange sys¬ 
tems, electrolyzers, compressors, refrigeration systems for liquefaction and dedicated 
utilities, tail-gas handling systems (e.g., HCl synthesizers), evaporators, centrifuges, and 
distributed control systems. While the use of packages distributes the project engineering 
work among more hands, the amount of coordination that it adds to the project makes 
this approach of debatable cost or scheduling advantage. 

Forcing all aspects of the package system design to conform to the general project 
criteria can be counterproductive. It foregoes many of the advantages that this approach 
offers. The opposite approach, in which the vendor has a totally free hand, may be 
attractive in a naive approach to scheduling but has its own problems. Experienced com¬ 
missioning managers can attest that this can result in too much time and attention spent on 
debugging these units. Given the dynamics of project schedules, this always occurs when 
time is shortest and commissioning personnel are busiest. The best way to avoid this is to 
see that each unit is thoroughly checked at the factory before shipment. This is an imposi¬ 
tion on the vendor, and so it should be emphasized in the bid documents. The final contract 
or purchase order should therefore contain a clear description of agreed test requirements. 

It is also true that in assembling a competitive bid, a vendor may not invest in 
materials equal in quality to the buyer’s real desires. Bid documents should therefore 
spell out any special requirements. Examples would include the use of certain grades of 
material, the identification of preferred vendors for instrumentation and control valves, 
and the banning of certain types of valve. Failure to cover such items in bid documents 
or purchase orders has caused the need to re-engineer a number of packaged units. 
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The control system is a good example of a package that will benefit from shop 
testing. Ideally, all functions should be thoroughly tested and their design calculations 
reviewed where appropriate. The list of functions includes displays, control actions, 
interlocks, alarms, shutdowns, etc. Everything that can be checked is checked using 
simulated signals. This precommissioning work, when completed as early as possible, 
leaves time for corrections and changes in a more relaxed environment. The only checking 
required after delivery to the field is the proper connection of the control system to the 
field instruments. The sources of shutdown signals must be checked for proper function 
as well as correct wiring (Section 13.6.2). 

Packaged units have traditionally had their own programmable logic controllers 
(PLCs) and local control panels. This is especially true in the case of units that require 
extensive sequence controls for stepwise processes such as filtration and ion exchange. 
Many operators find it more convenient to have control supervised from a central station. 
From this point of view, these systems are better controlled by a distributed control system 
(DCS) and monitored from the control room. Some who bought systems equipped with 
PLCs some years ago have dispensed with the PLCs and moved control to the DCS. 
Many favor systems which combine local control by PLC with status and alarm signals 
sent to the DCS. 

It is especially important to test equipment thoroughly at the factory when it is to 
be shipped to a remote location or into a part of the world where sophisticated help is 
not readily available. 

13.6. SYSTEM COMMISSIONING 

System commissioning begins after the completion of precommissioning work on the 
process and electrical systems. The boundary between precommissioning and commis¬ 
sioning is somewhat fluid, and normally some systems will be in the commissioning 
phase while others are still being precommissioned. In certain cases, there will be con¬ 
tractual definition of the work in each activity and a need for formal acceptance of 
systems as ready for commissioning. 

Before startup of the electrolyzers, the process systems relating to the supply of elec¬ 
trolyzer feed streams (feed brine, caustic, acid, demineralized water) and to the product 
streams (depleted brine, product caustic, chlorine, hydrogen) must be commissioned and 
brought up to operational status: 

1. the brine system will be fully commissioned in all respects, perhaps with the 
exception that the depleted brine system may not have had to deal with brine 
containing dissolved chlorine 

2. the caustic system, including demineralized water addition, will be fully 
commissioned in all respects 

3. the hydrogen system will have been tested and will be operational with, at 
minimum, the capability to vent under control, using nitrogen 

4. the chlorine system will have been tested and will be operational with good 
pressure control, using air or nitrogen—^in some cases, chlorine gas may 
already be available at site, allowing downstream units such as compression 
and liquefaction to be tested with chlorine itself 
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In general, this chapter describes the commissioning of a plant with brine resaturation, 
brine treatment, chlorine processing, and caustic evaporation. Direct operator involve¬ 
ment should begin at the start of the commissioning. This approach provides a good 
opportunity to learn and acquire hands-on experience with systems operating with 
water and air. The operators should carry out most of the work under direction of the 
commissioning engineers. 


13,6,1, Commissioning Procedures 

The responsible engineers should prepare detailed commissioning procedures for the 
individual plant systems, such as those listed in Section 13.2.1. This preparation will 
draw upon operating manual information as detailed above, vendor procedures, and the 
experience of the commissioning engineer. 

These procedures should include all necessary flushing, cleaning, inspections, and 
tests before introduction of chemicals, resins, or packing. They should consider and 
detail how chemicals will be introduced into the process and the subsequent opera¬ 
tions required to bring the system up to operational capability. Careful consideration 
should be given as to how all control loops will be set up and tuned, on-line pro¬ 
cess and analytical instrumentation tested and calibrated, and alarm trips and interlocks 
verified. 

Provision should be made for testing applicable systems, wherever practicable, 
up to their maximum demands before cell room energization. 

The subsections that follow give the outline of an approach to the commissioning of a 
typical membrane-cell plant with brine resaturation, primary brine treatment, secondary 
brine treatment, chlorine treatment, and caustic evaporation. 


13,6,2. General Notes on Commissioning of Instrumentation 

A group at the plant site should be responsible for the field calibration of all instruments 
prior to their installation. It logically is led by the responsible instrument engineer and 
may be organized according to plant area or may be a dedicated group responsible for 
all instrumentation. The group will have several objectives: 

1. assuming and maintaining control of all control hardware to prevent loss or 
damage 

2. assuring that all required material has been delivered and meets specifications 

3. demonstrating that all instruments work properly and are calibrated correctly 

4. checking and testing field wiring for continuity and correct installation 

5. checking that the performance of cell room instruments is unlikely to be 
adversely affected by magnetic fields 

All work on the instruments and control valves in the early stage takes place on the 
bench. It should be scheduled early enough to allow time for replacement of faulty 
items. 



PLANT COMMISSIONING AND OPERATION 


1233 


A number of general points relate to field testing of instrumentation for chlor-alkali 
plant process systems: 

1. Every valve should be stroke-checked in the field from the controller or dis¬ 
tributed control system to ensure that it is wired correctly, that its positioner is 
ranged correctly, that its action is smooth, and that valve action is in the correct 
direction (remembering that some valves are reverse-acting). 

2. Valves with position sensors should be checked in the field to ensure that their 
indication is working correctly. 

3. While temperature transmitters are checked and calibrated, sensors may not be 
checked directly. The operation of some, notably those on the outlets of the 
electrolyzers, cannot be verified by liquor circulation before startup. A common 
assumption is that thermocouples (T/Cs) and resistance temperature devices 
(RTDs) work correctly. If desired, they can be checked by a hot box, if one is 
available, or by immersion in a flask of hot water or other appropriate fluid. 
A “hot box” is a dry-heated temperature-controlled block with drilled holes 
to accept RTD or T/C sensors. No further calibration of the instrument is 
necessary after installation, and the DCS indication should be checked against 
a thermometer of known accuracy. 

4. A key element in checking a level installation is good documentation of the 
calibration calculations. This will also include a dimensioned sketch of the 
vessel with nozzle heights and transmitter locations, showing any purges. 
Very often, nothing more can be checked until the actual process fluid is in 
the vessel. Tank level calibrations otherwise can be checked by filling with 
water to a suitable level that can be accurately measured (e.g., to overflow). If 
water is used instead of process fluid (not advisable in liquid chlorine instru¬ 
ments), a knowledgeable person familiar with the calculations can determine 
the appropriate allowance for density that is necessary with differential-pressure 
transmitters. 

5. Density meters should be calibrated in accordance with manufacturers’ 
recommendations. 

6. pH and oxidation-reduction potential (ORP, or redox) probes should be bench- 
calibrated before fitting. They usually are not installed until the commissioning 
phase. 

7. The correctness of cell voltage readings should be tested by connection of a cal¬ 
ibration voltage source or a battery to the cables, which should temporarily be 
removed from the electrolyzers. The purposes of this functionality test are to 
check the continuity of wiring, check that electrolyzer and module connections 
are correct, and verify voltage readings. The DCS or voltage monitoring system 
indications should agree with those of a calibrated voltmeter measuring across 
the same field connections. A cell voltage monitoring system should undergo a 
thorough, witnessed test under simulated cell voltages with the common mode 
voltage applied before acceptance. The sources of any discrepancies should be 
identified and corrected. The purpose of this test is not calibration but a simple 
check of the wiring. 
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8. Instrument alarms and trips should be tested by simulation of trip conditions 
as far as possible during system commissioning. It is recommended in the case 
of trips that the function and mechanism in each case be verified by testing the 
system in its entirety. For example, in the case of a high-pressure rectifier trip, 
the system pressure should be raised to the trip value and all actions through 
to the circuit breaker should be observed. 

9. The functionality of all control loops should be proven and all loops should be 
tuned as far as practicable before energization of the cells. System disturbances 
can be simulated by changes in flow rates or set points to facilitate tuning. 

10. The functionality of relief lutes should be tested by raising the system pressure 
and checking the actual relief pressure against calibrated instrumentation. The 
ability to reseal should also be checked. 

11. The functionality of automatic changeover systems on rotating equipment 
should be checked during water circulation. 


13.63, Brine System 

The brine system usually is one of the first major process systems to be commis¬ 
sioned. After precommissioning, flushing with water, and testing of the system, filling 
with water should begin. Demineralized water, which is necess 2 iry downstream of the 
brine ion exchangers, is sometimes used in much of the brine system. A large clarifier 
might be a notable exception. Water can be added at the make-up point to the salt dis¬ 
solver. The dissolver should be filled and water pumped forward through the treatment 
tanks, the settler, the clarified brine storage tank, the filters, the filtered brine storage 
tank(s), and the brine heat exchangers. The ion-exchange system should be bypassed 
to the feed brine storage tank. From there, water can be pumped through feed heat 
exchangers and a cell room bypass to the depleted brine system and then finally through 
the dechlorinator and back to the salt dissolver. Once this circulating loop has been 
established, flow and tank level controllers can be set and tuned. Initially, the flow 
rate should be equivalent to the electrolyzer minimum feed rate. The rate should then 
be progressively raised and proven until the maximum rate is reached throughout the 
circuit. 

The next step is to put the heat exchangers into operation, heat the circulating 
water, and tune the temperature controllers. The temperature at the ion exchange feed 
point should first be raised to about 65°C, and control should be established. With cold 
water in the system, it may not be possible to reach this temperature on a single pass at 
the maximum flowrate. The next step is to bring the electrolyzer feed brine heater into 
action. Careful tuning should be carried out and the ability to cycle the temperature under 
control established. The piping should go through a full cycle of heating and cooling to 
check for leaks that may develop because of expansion or contraction. 


13.6.3.1. Brine Saturation and Primary Treatment. While other brine systems are being 
commissioned, batches of primary treatment chemicals can be prepared in accordance 
with process design requirements and operating instructions. Addition of salt to the 
dissolver can then start, and brine production begins. Addition of treatment chemicals 
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should commence and dosage rates should be established to achieve the correct levels of 
excess chemicals in the system. Operators should take care to avoid levels of alkalinity 
significantly above normal, because this can lead to high levels of silica and aluminum 
in the brine. The brine concentration should build up to about 300 gpl in the circuit, 
after which the dissolver should be bypassed and treatment chemical addition stopped. 
The quality of the brine from the settler and the filter should be monitored to ensure 
satisfactory performance. 

Such closed-loop operation does not impose a great load on the treatment process. 
If it is possible to purge brine to another system, it is desirable to take up to 30% of the 
flow to a suitable receiver. This allows simulation of the dissolving operation, and the 
performance of the treatment process can be checked concurrently. 

It will take some time to build up a level of mud in the clarifier. This level should 
be monitored in anticipation of beginning sludge removal after establishing a certain 
level. 


13.6.3.2. Brine Filtration. When the brine circuit is under control with water under 
full circulation, the filtration systems can be commissioned. Both stages of filtration 
(Section 7.5.4) normally involve packaged units, and vendors’ commissioning instruc¬ 
tions will prevail. The vendor’s representative should see to proper grading and charging 
of the fill in bed filters and to the installation of polishing filter elements. The owner’s 
commissioning engineer should also inspect the installation, taking note of the integrity 
of filter cloths or candles and the sealing of filter elements to internal headers. 

Verification of the correct sequence and proper operation of valves is normally a 
job for the factory when packaged units contain their own control systems. Still, a site 
“walk-through” is appropriate. With units assembled on site, the sequencing and correct 
operation of valves, position sensors, and mechanical items such as agitators and cake 
sluicing mechanisms should be fully tested before introducing fluid. Testing should 
encompass the whole cycle, with each filter run through all stages (e.g., operation, 
washing, blowdown, scouring, backwash or sluicing, precoating, standby). 

The commissioning of a polishing filter usually involves a dilute suspension of 
precoat in water (Section 7.5.4.2). Continuous agitation keeps the precoat material in 
suspension in its preparation tank. First, the filter is filled with water, and then the precoat 
slurry is circulated through at a rate high enough to keep the particles suspended (settling 
rates in water will be greater than those in brine). The effluent should become clear in 
a few minutes, indicating successful precoating. The uniformity of coating of the filtering 
surface should be verified by draining the filter body and observing the elements, either 
by opening the body or examining the internals through sight glasses. The coating is 
likely to be thinner at the top than at the bottom. Some variation is acceptable, but there 
must be sufficient coating at all points to prevent breakthrough. The filter cleaning cycle 
should be tested in a similar fashion. Observation of the filtering surfaces after cleaning 
should show essentially complete removal of solids. 

After successful commissioning on water, the filters should operate on brine. Once 
the filters are in operation, the clarity of the filtered brine should be tested. An on-line 
turbidimeter, if provided, can be used to verify correct operation and quality before 
placing the system on stream. The filtrate returns to the feed tank during this time. 
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The commissioning team should carefully note pressure drops, filtrate quality 
(clarity and hardness), and cycle times for future reference. 


13.6.3.3. Brine Ion Exchange. Brine ion exchange systems remain specialty items, and 
vendor specialists normally assist in their commissioning. The owner should verify 
the action of operating and regeneration system valves before introducing fluids. The 
checking process should include valve positions and status indicators at the control 
station. The proper sequencing of valves and delay timers also must be established. 
Frequently, these tests can be performed in the manufacturer’s shop. 

Other necessary checks include the condition and assembly of column internals and 
the integrity of resin traps. Resin is usually added through the tops of the columns. Partial 
filling of a column with purified water helps the distribution of the resin and protects the 
internals from damage. Commissioning then includes a test of the entire sequence on 
demineralized water and brine. The backwash flow rate should be adjusted to suit the 
temperature of the water. The goal here should be to achieve the degree of bed expansion 
recommended by the supplier for the ionic form of the resin. When all this is satisfactory 
and there are no leaks in the system, chemical regeneration can be commissioned. 

The regeneration process can be effectively checked and monitored by the conduct¬ 
ivity of the effluent or by chemical titration. Sampling and measurement throughout the 
cycle can ensure that flow rates, regenerant concentrations, and durations of the various 
steps are correct. Initial rinsing of the bed should reduce the salt concentration to less 
than 1 gpl. Conductivity is a suitable method of analysis. Similarly, the regeneration with 
HCl and the later displacement of excess acid can be followed by conductivity meas¬ 
urement. The same is true of the steps involving caustic. Whatever method is used for 
analysis, the data obtained during commissioning are useful in later troubleshooting and 
should become part of the permanent record. It is good practice to run through several 
complete cycles in all bed sequences before beginning electrolysis. 

The use of prefabricated skid-mounted units allows much of the necessary pretesting 
to be done in fabricators’ shops. This is especially important with respect to the automatic 
valve sequencing operation [11]. When this is not convenient because the control system 
is not available to the skid fabricator, it becomes more important to do a thorough job of 
precommissioning on site. Along these lines, it may be possible to order the ion-exchange 
equipment early in the design process. If it can be installed soon enough, particularly in 
a conversion process, there will be time available for testing, adjustment, and operator 
training before startup of the electrolyzers. 


13.6.3.4. Brine Dechlorination. Operation of the primary dechlorinator should be estab¬ 
lished next. It is not easily possible to simulate actual dechlorination. However, where 
vacuum dechlorination is used, it is important to establish that the vacuum and condenser 
systems operate properly. In the case of a conversion from mercury-cell technology, this 
may already be established. 

The next operations to test are the pH adjustment stages. Hydrochloric acid and 
caustic are added at different points to lower and raise the pH of brine and to provide the 
acidity required for removal of dissolved chlorine from depleted brine. Instrumentation, 
including pH and ORP meters and controllers, should be set up, calibrated, and tuned. 
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Batches of reagent should be prepared and their feed systems operated to demonstrate the 
ability to dose and control at correct rates. Small quantities of hypochlorite solution can 
be injected into the anolyte tank to simulate primary dechlorinator product ("^25 ppm as 
CI 2 ) for testing of the ORP loop. 

On completion of brine system commissioning, a full analysis of the feed brine 
should be made before startup. This analysis should include all impurities covered in the 
Analytical Manual. 


13,6.4. Catholyte System 

After flushing, the catholyte system should be drained and the catholyte recirculation tank 
and piping filled with demineralized water. Next comes pumped circulation through heat 
exchangers, flow meters, and cell room feed pipework, bypassing the electrolyzers to the 
return header. A circulation rate equivalent to that required for startup is appropriate but 
not essential. This is the time to test the catholyte system heat exchangers. The circulating 
stream should be heated, under control and in defined increments, to about 90°C. This 
continues until the highest temperature is reached and the control loop is satisfactorily 
tuned. Then cooling can begin, using the catholyte cooler and brine/caustic interchanger, 
if provided, and tuning the control loops. Again, the piping should be exposed to a full 
temperature cycle. 

Many catholyte systems use polypropylene wrapped with fiberglass for the cell 
room piping. Stearates often are used as processing aids for polypropylene. Experience 
shows that the stearate is leached out of the polymer by the migration of unpolymerized 
styrene from the FRP wrapping. In operation, this leads to undesirable foaming of the 
caustic and sometimes to deposits that can block small-diameter feed nozzles. Another 
flushing operation may be necessary, and the following procedure is effective: 

1. Fill system with demineralized water at pH 4—7, and circulate at 90°C for at least 
36 hr. Purge water from system and replace with makeup. Check washing sample 
for smell of styrene, drain batch if present, and repeat procedure. Drain system 
completely. 

2. Refill system with water and adjust pH to 9-10. Circulate at 90°C for 24 hr. 
Check samples for foam. If foam is visible, drain batch or purge and replace 
until clear. 

3. After disappearance of foam, increase pH to 10-12 and circulate at 90° C for 
another 24 hr. Check for visible foam. Drain system and carry out visual internal 
checks of lines and tanks, where practical, for foam or gel-like materials. 

4. Fill with caustic at approximately the design concentration and circulate at 90°C 
for at least 24 hr. Drain. 

5. Refill system with demineralized water and circulate at 90°C with pH no higher 
than 10 for 2^ hr, then drain. 

If the cathodes have coatings that are sensitive to iron, step 4 gives an opportunity 
to check for iron pickup under near-process conditions. The main source of iron in 
catholyte liquors usually is ferrous metal in the circulating system. The use of these 
materials should have been proscribed in design, but they may be present in minor parts. 
The iron content should be checked every 6-8 hr during this step. Any increase should be 
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assessed against the specification. Because it may contain impurities or cause foaming 
in an evaporator, the caustic drained in step 4 usually is removed and sent to effluent 
disposal. 

Finally, the system is filled with fresh caustic for startup. The concentration should 
be that of the desired cell product and the iron content should be in specification (normally 
less than 1 ppm). Concentrated commercial material can be added to the system and 
diluted with demineralized water while under circulation. 


13.6.5. Chlorine System 

13.6.5.1. Pre-Energization Testing. Chlorine system testing will be with air and should 
be as thorough as possible. Induced atmospheric air or compressed air can flow from the 
cell room header through the processing train all the way to the tail gas and absorption 
systems. Gas pressure control can be set up and tuned during this period to enable 
satisfactory control at cell room startup. It is important that these controls are properly 
tuned, because poor pressure control will lead to membrane damage. Changes in set 
points or in air flow rates will serve as disturbances and allow checking of the quality of 
the control. 

The chlorine cooler(s) should be checked for pressure drop and the adequacy of 
temperature control. The latter is important to prevent gas temperatures that are too low. 
This situation would lead to formation of solid chlorine hydrate in the equipment and 
loss of the passivating film that protects titanium from rapid corrosion. 

The acid-handling system associated with the drying towers should be commis¬ 
sioned and in operation before the flow of air begins. With the proper acid circulation 
rates established, system pressure drops can be checked and the downstream equipment 
protected against the introduction of moisture. 

The cell room chlorine relief system pressure control should also be checked out 
and tuned on air at this time. 

Euro Chlor’s document GEST 90/158 contains guidelines for the commissioning of 
liquid chlorine-handling systems. This is a reprint of a paper by Hagerup Nilssen [12]. 
The emphasis again is on cleanliness and dryness. Equipment cleaning must eliminate 
materials incompatible with chlorine. Reaction of chlorine with moisture, organics, 
oxides, and various other materials not only directly produces corrosion but also, because 
of the heat generated, increases internal temperatures. This can lead to runaway reactions 
between chlorine and the steel components of the system. This is especially likely where 
there are extended surfaces, as in many of the internals found in processing equipment. 

Equipment should first be inspected for compliance with specifications. This action 
includes checks of dimensions, internals, materials of construction, the quality of welds, 
and the installation of instruments and process connections. Before commissioning the 
liquid chlorine system, it is also necessary to have all relevant safety systems in operating 
order, operators trained, and operating manuals and instructions ready. 

Final drying, after removal of all liquid water, is by dry air or nitrogen. Items that 
may have absorbed water (e.g., gaskets) should be replaced. The dryness of the gas used 
should be verified by dew point testing. One technique is to pressurize the apparatus with 
dry gas, hold for a time to allow equilibration, and then release the gas. Equipment that 
is free of liquid and pressurized to 7 atmospheres should be satisfactorily dry in three 
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or four cycles. Rusty surfaces not only may be reactive with chlorine but may also hold 
absorbed moisture and retard the approach to equilibrium with dry gas. It is important 
to identify this problem during equipment inspection. 

Drying and leak testing should precede exposure of the system to chlorine. The 
chlorine should be introduced in small quantities, gradually increasing the amount and 
the concentration in the system. Each step should include testing for leaks with a bottle 
containing diluted (17-18%) ammonia. Once the system is dry, it should never be open 
to the atmosphere. During any delays in the commissioning process, all dry equipment 
should be maintained under a slight positive pressure with dry gas. 


13.6.5.2, Commissioning of Dry Chlorine Systems. The most important aspect in com¬ 
missioning of systems that handle dry chlorine is the elimination of all traces of hazardous 
materials from the interior of equipment and pipework. The impurities of most concern 
are moisture, organics (usually oils and greases), scale, and rust. It should be a primary 
aim of precommissioning to remove or avoid excessive surface layers of oxide, the pres¬ 
ence of grease or solvents, and all sources of moisture. The hazards presented by these 
materials are made worse in items with extended surfaces. Examples include packing, 
filters, and mist-control elements. 

Water presents the hazard of rapid corrosion; organics by reaction with chlorine can 
produce local hot spots and ultimately cause temperatures above the allowable maximum 
(Section 9.1.2), which in the case of carbon steel is usually set at 120°C. Oxide layers 
on the surfaces of equipment, pipes, or fittings increase the amount of water absorbed. 
This is an exothermic process. The increase in temperature not only increases the rate 
of corrosion but also can continue beyond the ignition limit. 

The methods used to eliminate these undesirable materials depend on the type of 
system involved. The steps involved in commissioning in any case include: 

1. inspection 

2. cleaning 

3. drying 

4. leak testing 

5. introduction of chlorine 

The guide published by Euro Chlor [13] considers several categories of equipment: 

1. large storage systems (those with manway access to their interiors) 

2. smaller vessels and pipework 

3. internal equipment 

4. valves and control equipment 

The commissioning of a large vessel usually begins with cleaning and inspection in 
the fabrication shop. Visual inspection for moisture, grease, rust, and scale should be 
repeated on site. Surface cleaning, if necessary, is usually by grit blasting. Branches that 
cannot be treated properly by blasting are cleaned by rotating metallic brushes. Residues 
are picked up by brushing or the use of aspirators. Mechanical cleaning should always be 
followed by another visual check. The vessel is then ready for drying, which is discussed 
below. 
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The best way to remove particulate matter from smaller vessels is to use a vacuum 
cleaner when there is an access opening that is large enough or to pressurize the vessel 
with a gas that is then released abruptly. Piping usually can be cleaned by blowing with 
air after removing obstructions. Air can exhaust from an open end of the pipe or from 
low-point drain connections. Chemical descaling, as suggested in Section 13.5.1, may 
also be necessary. 

Grease is removed by washing. For many years, the standard practice was the use 
of fully chlorinated solvents such as perchloroethylene, C 2 CI 4 . The use of chlorinated 
solvents is becoming more restricted, and the practice of using aqueous formulations is 
growing. Those using the latter approach must recognize that results may not be as good 
and that the introduction of water to the system adds another complication. There have 
been incidents caused by the inefficient use of aqueous degreasers [14]. 

Often, cleaning of internal equipment by the same method used for the vessel itself 
is impractical or inefficient. It is then better to remove such equipment and treat and dry 
it externally. Vacuum ovens are useful for smaller parts. After cleaning, the parts should 
be stored away from the possible intrusion of grease or water until they are reinstalled. 

When an application requires grease, it should be a chlorofluorinated type specified 
for chlorine service. Valves and control parts, therefore, should be checked for freedom 
from moisture and non-approved greases. Dried valves and parts are best stored in 
vapor-tight containers. Desiccants usually are placed in the containers for good measure. 
Chlorine pipe specifications (Section 9.1.8.3) often call for valves to be cleaned, dried, 
and packaged in this way, and to be delivered with the manufacturer’s certification that 
they are ready for safe use in chlorine service. These items should not be installed until 
the larger systems discussed above have been cleaned and degreased. 

Final drying of all equipment in dry chlorine service depends on a dry-gas (air 
or nitrogen) purge. Preliminary steps may include draining, wiping, and more rapid 
drying under the infiuence of superheated steam (with appropriate steps to eliminate 
the accumulation of condensate) or an applied vacuum. The goal in final drying is an 
interior gas dew point of —40°C or lower. A simple technique is alternate pressurization 
and venting. Bringing a system to 7 bar(a) with a dry gas three times and then venting to 
atmospheric pressure usually suffices. If the drying gas has a dew point of —40°C, three 
such purges will lower the dew point in the interior from to —39'^C or from 20°C 
to —37°C [13]. In either case, a dew point in the drying gas slightly lower than —40°C 
will produce the desired result. Use of this technique requires time for equilibration each 
time the system is pressurized. 

In all cases, the last step should include a continuous purge with the dry gas and 
further checks of the dew point. Branches and connections should be flushed to ensure 
that no moisture is trapped in them. As parts of the dry chlorine plant are certified dry, 
they should be isolated with blank flanges or flanges closed with valves and allowed to 
sit under a slight positive pressure of the drying gas. 

Leak testing involves several stages. The first is a check for sizeable leaks by a soap 
test under a pressure of about 4 bars or the maximum operating pressure, whichever is 
lower. Soap-bubble tests may not be sensitive at very low pressure, and more elaborate 
gas detectors then are necessary. When a system is found satisfactory in the preliminary 
test, it is time to introduce chlorine. This should be done at a low partial pressure, 0.1 or 
0.2 bars at first, checking for leaks with an ammonia bottle. Any leak into ammonia vapor 
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will form a dense cloud of NH 4 CI. The pressure can be increased stepwise by addition 
of a dry, inert gas, checking for leaks at each step. Valves should be stroked during 
these tests. Finally, the concentration of chlorine in the gas phase can be increased 
gradually. This procedure has the advantages not only of minimizing the amount of 
chlorine that may escape from the system, but also of providing time and a gradually 
increasing the concentration to allow conditioning of steel surfaces by reaction with 
chlorine (Section 9.1.2). 

All pneumatic testing must follow established procedures and safety guidelines 
(Section 13.5.2.1). 

After completion of all the above, the appropriate parts of the system are ready for 
the introduction of liquid chlorine. Leak tests should be repeated after these sections 
reach steady temperature. 

Commissioning of transport containers (rail cars, tank trucks, etc.) has much 
in common with the commissioning of process vessels. The first step is a general 
inspection—internal and external—for obvious flaws. The interior should be free of 
rust, scale, moisture, and grease. Gaskets should be suitable for chlorine service. Valves 
should be removed and freed of moisture and grease from the machining process. The 
valves should be dried and then lubricated with a grease compatible with chlorine. Dry¬ 
ing, as in other cases, should be to a dew point of —40°C. The techniques can be similar 
to those used for other vessels, taking care to purge dry air through each of the valves 
to ensure their dryness. The first leak test should be a soap test with the container at 
a pressure of at least 4 bars. The second test should use a mixture of chlorine and dry 
gas at a lower pressure, using an ammonia bottle to detect leaks. The first fill should be 
with gaseous chlorine, to begin the process of conditioning the metal surfaces. 


13.6.5.3, Chlorine Compression and Liquefaction. Compressors are an example of 
machinery used widely throughout the process industries, and so their commissioning 
is not covered in this chapter. Many companies will use the services of a manufacturer’s 
representative at some point in the commissioning process. Commissioning proced¬ 
ures should take into account the particular features of chlorine compression noted in 
Section 9.1.6. 

Liquefaction systems vary in their arrangement, in the number of stages used, and 
in the use and positioning of booster compressors. With so many combinations and the 
fact that they do not involve specialized process equipment, we do not consider their 
commissioning in any detail. There are some special considerations, however, around 
the refrigeration side that are worthy of some attention. 

All parts that handle refrigerant must be scrupulously dry. Vacuum drying is the 
standard method. A dew point of —38°C corresponds to an absolute pressure of 0.1 torr. 
This pressure should be the final goal. Drying should take place in stages. The first 
stage, at about 5 torr, corresponds to a low positive dew point and therefore avoids the 
problem of massive ice formation. Application of heat to cold spots will speed the drying 
process, as will the replacement of vacuum pump oil if it becomes contaminated with 
water. Nitrogen is used to break the vacuum and bring the system back to a positive 
pressure. The second evacuation is usually at a pressure intermediate between the first 
and final vacuums. The exact level is not critical, but 0.5-1.0 torr is typical. Again, the 
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vacuum is broken with nitrogen. The process finally is repeated, reducing the system 
pressure to 0.1 torr. 

The refrigerant normally arrives by truck or in drums or cylinders. It is best taken 
into the system through the receiver tank. Using the drain and vent connections to fill 
and vent the receiver may slow the filling process a bit, but it is the least disruptive 
combination. Refrigerant then flows to the condensers and other refrigerated exchangers 
by differential pressure. The exchangers can be under vacuum to assist the transfer. In 
most systems, the receiver tank is not large enough to fill the rest of the system, and 
recharging is necessary. 

Leak test requirements for the utility, process, and refrigerant sides of the process are 
different. Water piping can be tested hydraulically. The test pressure is usually determined 
during design or by the refrigeration unit vendor. Typical pressures are 7 bar(g) or 1.5 
times the normal working pressure. Leak testing on the process side should follow the 
directions given elsewhere for chlorine piping. Refrigerant piping should be tested with 
nitrogen. Again, 7 bar(g) is a typical test pressure. This usually involves removal of 
pressure-relief valves and their replacement with plugs. Instruments that can be isolated 
with valves can be tested up to their maximum allowable pressures and then valved off. 
Other instruments may have to be removed before applying full pressure. Testing is by 
soap bubbles. A second test at higher pressure uses a mixture of nitrogen and refrigerant. 
The test pressure may depend on whether a section is on the high- or low-pressure side 
of the refrigerant compressor. Testing is by way of a gas (e.g., halide) detector. 

Pipelines that will handle chlorine are cleaned during construction. After sand¬ 
blasting and priming as required by specifications, lines are welded and X-rayed before 
erection. Construction debris is removed from the assembled lines by tapping and 
blowing with air. After this step, cleaned sections should be sealed with tape or plastic. 
Other procedures depend on the decision on hydrotesting. When omitting this step, oper¬ 
ators or the construction crew should degrease all valves, heat exchangers, and vessels 
and then purge each section with dry air from top to bottom, stroking valves in order 
to dry all dead ends. Systems to be hydrotested must have high-point vents. They are 
filled with a chlorinated solvent or, increasingly more frequently as noted above, water 
or an aqueous solution. The major difficulty presented by hydrostatic testing then is the 
certain and thorough removal of water from the system. 


13.6.5A. Chlorine Storage. When it is to be stored under pressure, liquefied chlorine 
flows by gravity from a separator or knockout tank to a forwarding tank or to storage. 
In addition to the filling line, pressurized storage tanks include at least the following 
connections: 

1. a liquid delivery line 

2. a pressuring line (served by dry air or nitrogen) 

3. a depressuring line (returning chlorine from the vapor space to the chlorine 
process) 

4. an evacuation line (connected to the chlorine absorption system and to a vacuum 
pump that returns gas to the process) 

5. a balance vent line (connected to the liquefaction process) 
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When starting flow to a tank, operators should ensure that the valves in the rundown 
header are properly oriented and that those leading to the tank in question are fully 
opened. They should also record the amount of chlorine already in the tank. As noted in 
Section 9.1.8.5, weighing the tank is the preferred method of inventory measurement. 

Capturing liquid chlorine in storage tanks and then transferring it to its destination(s) 
is a semi-batch operation that requires more than one tank. To cover transfer of the 
liquid, we discuss here a pumping operation with the pump assumed to be submerged in 
the tank. 

Starting with valves in the transfer line closed, operators must ensure that the 
pressure in the tank is not too high or too low. Venting the tank through the depressuring 
line will remove any excess pressure. Since the discharge lines from the various tanks 
usually are combined in a header, it is also necessary to ensure that the valves connecting 
other tanks to the header are closed. Valve operations here may be all manual or automated 
to some degree, with remote operators. The latter case will add to the task of instrument 
system precommissioning. 

A low pressure in the system can be supplemented with dry gas. The pump will 
be sealed by a nitrogen purge controlled at a pressure above that of the tank itself 
(Section 9.1.8.4B). The standard arrangement includes a recycle line back to the storage 
tank. This should be at least cracked open before the pump starts. Even after the pump 
starts, the recycle line should be partly open in order to avoid dead-heading. Before 
starting liquid transfer but after development of pump pressure, the operator should 
check the pump shaft and the line valves with an ammonia bottle. Finally, the valves can 
be opened and the transfer made. 

Shutdown basically follows the reverse procedure: stop pump, open recycle, close 
block valve, check valves with ammonia, check nitrogen seal system (which should 
remain in operation even when no transfer is being made). 

The special requirements for transferring chlorine to shipping containers appear in 
Section 9.1.8.6. 

Many liquid chlorine lines are fitted with expansion chambers to provide some 
volume for thermal expansion. The intent is to prevent dangerous increases in pres¬ 
sure as liquid chlorine in a static line becomes warmer. These chambers, their function, 
and their sizing are the subject of Section 9.1.10.4. When called for, they should be 
installed above the lines in question and subjected to the routines called for in the pre¬ 
commissioning procedures. Each chamber should be filled with dry air or an inert gas. 
Compression of this gas provides the buffer against expansion. Part of the commis¬ 
sioning documentation should be a schedule giving the appropriate pressures for all 
chambers. 

The Euro Chlor guidelines on the commissioning of vessels [13] were referred 
to in Section 13.6.5.2. Chlorine Institute Pamphlet 78 [15] also discusses inspection, 
commissioning, and maintenance of storage tanks. 


13,6.6. Hydrogen System 

Before cell room startup, commissioning testing of hydrogen systems is normally limited 
to checking of purging and pressure control systems using nitrogen. Commission¬ 
ing of downstream hydrogen-consuming systems, such as HCl synthesis, hydrogen 
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compression, and hydrogen burning, normally follows cell room startup, when a 
continuous supply of hydrogen is available. 

It is critically important to ensure that purging is complete and pressure control 
is properly commissioned before energization of the electrolyzers. It is normal to vent 
hydrogen to the atmosphere at startup by means of a pressure control valve and the vent 
stack. This can be effectively simulated and set up using the nitrogen purge system. 
Nitrogen is added to the cell room hydrogen header at a predetermined rate to effect 
purging to remove air and to float the pressure-control valve and provide pressure control 
at startup. In a conventional membrane-cell plant with chlorine compression where the 
compressor recycle provides chlorine pressure control, the hydrogen control valve may 
control the differential pressure across the membranes. It is vitally important that this is 
properly tuned to avoid any risk of damage. Tests can take place while commissioning 
the chlorine system on air. Disturbances can be introduced to check control by varying 
set points and nitrogen flow rate. Transient over- or under-pressure conditions must 
always be within the acceptable range of operation to avoid opening of relief devices or 
operation of trips. Differential pressure should be controlled within the normal specified 
range. 


13.6.7. Caustic Evaporation System 

If the evaporation unit is required for continuous operation of the cell room, it is 
preferable to commission it on imported caustic prior to cell room startup. Evaporator 
commissioning requires 

1. pressure testing 

2. vacuum testing 

3. operation on water 

4. startup on caustic solution 

5. operation on cell caustic. 

Listing both 4 and 5 reflects the general practice of performing final evaporator 
commissioning before energizing the electrolyzers. 

The startup supply of caustic can be used for step 4 after dilution. It is important 
to remember that dilution is exothermic. Blending of water with 50% NaOH to produce 
30% NaOH results in a temperature rise of 30'^C or more. The use of hard water produces 
solids when blended with caustic and also carries the danger of scaling of heat-transfer 
surfaces during commissioning runs. Water of reasonable quality, therefore, should be 
used during commissioning. Demineralized water is the ideal if available in sufficient 
quantities at reasonable cost. Steam condensate is sometimes an alternative. 

In most wintertime conditions, lines handling membrane-cell product or evapor¬ 
ated solution require heating. The freezing points of 32 and 50% NaOH are 5°C and 
12°C respectively. Freezing points vary nonlinearly with concentration, and solutions of 
intermediate concentrations may have higher freezing points. All KOH solutions below 
48% concentration have sub-zero freezing points. Tracing with steam is one approach 
to line heating, and these systems also should be checked before starting operation with 
caustic solution. If commissioning occurs in warm weather, the tracing systems must be 
properly drained and closed off until they are needed. 
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13.6,7.1, Pressure Testing. Evaporator systems usually are supplied as packages by 
vendors specializing in the field. The bodies and heating elements are shop fabricated 
and tested. Still, a certain amount of pressure testing is advisable on site because of 
the possibility of minor damage in shipment. The vessels themselves can be tested with 
water for tightness, and the tubes in the heating elements also should be checked. Normal 
practice is to roll the tubes onto the sheets, and some of these may shake loose in transit. 

Testing is simple but requires careful preparation. There are many connections to 
an evaporator system that must be closed or removed and blanked off. “Connections” 
can include atmospheric openings such as condenser tailpipes. The operating manual 
should spell out these testing procedures in detail. This phase presents an opportunity 
for operators to become more familiar with the arrangement of the evaporator system. 


13.6.7.2. Vacuum Testing. The vacuum test should take place with water at approx¬ 
imately normal levels in all effects. It requires sufficient water in hotwells serving the 
main condenser, ejectors, and intercondensers to fill the tailpipes. To the extent possible, 
pumps should be isolated from the evaporator system to prevent the entry of air through 
their seals. 

The vacuum applied to all stages should be the highest level to be used in operation. 
Condensers, circulating pumps, and condensate removal systems can be used to handle 
the water evaporated during the test. Under no circumstances should the absolute pressure 
go below 0.6 kPa, where evaporative cooling of the water will take the temperature to 
the freezing point. 

When conditions are stable, the vacuum source should be shut down, and all evap¬ 
orator stages should be individually isolated. Any source of major leakage (e.g., an open 
valve) should be identified and the problem eliminated. Rebalancing of the system may 
in some cases be necessary. Finally, with the system considered tight, the pressures 
in the various stages should be recorded for some period of time before approving the 
system for operation. The criteria used for this test depend on system design and vendor 
instructions. 


13.6.7.3. Operation on Water. When the evaporator system is mechanically tight, the 
vacuum system is working properly, instrumentation is calibrated, and utility systems are 
functional, operation should begin with water as the process fluid. The operating manual 
for the evaporators should include detailed instructions for this phase. The sequence 
of operations will depend on the design of the unit (e.g., number and placement of 
preheaters and interchangers). Instructions may be supplied by the vendor or developed 
by the operating company and its contractors. 

A typical sequence, once water is in the system, might include: 

1. start seal water to pumps and instruments 

2. start circulating pumps 

3. vent heating elements 

4. start water flow from feed tank 

5. establish vacuum (operate hogging system first if one exists) 

6. set level and flow controllers 
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7. establish water flow through all effects 

8. circulate water and check instrumentation and controls 

9. operate all pumps, including installed spares 

10. establish steam supply, first draining steam lines as necessary 

11. start steam flow at low rate—gradually increase to 50-60% of design 

12. check for proper removal of condensate 

13. purge water to prevent accumulation of impurities or deposition of solids (size 
of purge depends on purity of water being used) 

14. continue operation 

15. check operation of auxiliary systems (e.g., washing of demisting elements) 

16. check accuracy of instruments 

17. record data 

18. reinforce training of operators 

The last two items are not necessary to commissioning per se, but this phase and the 
one that follows give low-risk opportunities to record data on equipment performance 
that will be useful for diagnosis of operating problems later on and to sharpen training 
of operators with hands-on experience. 


13,6.7A, Startup on Caustic Solution. The first step is preparation of a batch of 28-32% 
caustic solution. This assumes use of the preferred technique of starting the evaporators 
before energizing the electrolyzers. The starting material can be membrane-cell caustic 
taken before evaporation, 50% solution diluted to suitable concentration, or solution 
prepared from demineralized water and solid caustic. The last-named source is not 
recommended. It requires due care during the dissolving operation to avoid personnel 
injury and excessive contamination of the solution by corrosion of the equipment in the 
face of the high temperatures that may be encountered. 

Circulation can begin after the system is filled with solution. The next step is to 
start flow of water to the condensers. Then, after application of vacuum, steam flow can 
begin at a slow rate. During utility precommissioning, the steam lines should already 
have been blown out and drained of condensate. 

Caustic feed begins only when all parts of the system are ready. Flow should be 
increased in stages up to the design rate. It will probably be necessary to have facilities to 
dilute the evaporated product back to feed concentration to allow enough time for proper 
commissioning. Operation at full rate and concentration should continue long enough to 
debug the system and train all operators. Operators should have an opportunity to make 
changes in the operation and to simulate likely problems. 

Startup is an opportunity to record data on equipment performance for future 
reference and to check the calibrations of differential-pressure level instrumentation, 
which previously were based on operation with water. 

13,6,7,5, Caustic Storage Systems, Storage tanks require careful inspection before use. 
Figure 13.1, an example of an inspection checklist, indicates some of the important 
items. Visual inspection will detect many faults. Welds, especially at roof and floor 
lines, should be tested by dye penetration or in accord with applicable codes. Ultrasonic 
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measurement of metal tank thickness is also a standard and useful technique. Records 
that include the precise locations of measured points are useful in tracking the condition 
of a tank over time. 

Unlined carbon steel tanks are subject to atmospheric corrosion. It may be necessary 
to descale such a tank. After descaling, it should promptly be filled with caustic solution 
to passivate the surfaces. Caustic from unlined tanks generally should not be used to fill 
electrolyzers before startup. 

Leak testing takes the form of filling a tank with water. Any settling after the tank 
is filled should be surveyed and documented. Insulation should not be applied until 
inspection and testing are complete. 

Storage systems will have auxiliaries such as pumps and exchangers. Their precom- 
nndsioning follows standard techniques, using water as the fluid. Commissioning should 
follow along with the storage tank(s). Concentrated caustic should not be allowed to sit 
stagnant in unheated lines for any long period of time. 

13.6.8. Rectifier/Transformers 

Work on the electrical supply and switchgear is a specialist activity and will normally 
be carried out by the vendor’s specialist in conjunction with the client’s or contractor’s 
electrical engineer. 

From the point of view of ensuring smooth and successful electrolyzer startup, 
it is essential that commissioning of the rectifiers and their transformers be carried 
out off-line. It is not considered acceptable to use the electrolyzers to commission the 
rectifiers. This means that low-load output tests should be carried out on site even if 
such a test has already been made at the factory. The commissioning engineer together 
with the electrolyzer vendor should always verify output polarity. An open-circuit test 
can demonstrate the capability of the unit to produce the design output voltage. Such 
tests require some care in order not to exceed the rated voltage. A short-circuit test of 
achievable current output is highly desirable, especially when there is to be no on-site 
load test. The short-circuit test can usually be carried out at rated current with a temporary 
shorting connection bolted across the rectifier output busbars. The permanent DC current 
measuring device (Section 8.3.1.5) should be included in the circuit. 

A load test requires some form of temporary resistive load to be provided. The 
rectifier manufacturer can advise on the necessity and feasibility of such a test. Normally, 
for practical reasons, any load test will be limited to about 10% of rated current. 

Process interlocks with the rectifier and process tripping of the rectifier should be 
verified. They should be proven through all stages of signal processing by actual repro¬ 
duction of the process conditions, if possible, or at least by simulation and verification 
of the interlock or trip functionality. 


13.7. ELECTROLYZER ASSEMBLY, TESTING, AND INSTALLATION 
13.7.1. Membrane Handling 

Manufacturers most commonly supply membranes wet, pre-treated, expanded, cut to 
size, and ready to use. An exception here is an alternative form of Nafion® supplied dry 
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and pre-expanded in diethylene glycol. Some technology suppliers and membrane users 
prefer this form of the product. These membranes require an extraction treatment after 
installation and before energization. 

Large membrane sheets are normally rolled onto a core and sealed in plastic film. 
The roll, containing several sheets, is contained in a plastic tube for shipment and storage. 
Smaller sheets may be packed flat in stacks on plastic boards, sealed in plastic film, 
and contained in plastic boxes. The sheets are packaged wet after soaking in alkaline 
demineralized water. In order to prevent damage and drying out, they should remain 
sealed in their original packaging until required for use. Care must be taken in unpacking 
and at all stages of handling to prevent damage. Membranes must not be punctured, tom, 
folded, or creased before use. Handling methods should minimize any risk of damage to 
the membranes. After unpacking, membranes must be kept moist at all times. Soaking 
them in a bath of alkaline demineralized water is a convenient way to achieve this. 
A typical pH is 12, achieved by the addition of a small quantity of caustic to the water. 
The pH of the water is important for the prevention of corrosion of the cathodes during 
storage, after membrane fitting, and before startup. 

Rolled membranes should be transferred individually to the holding tank by 
unrolling from the core mounted horizontally on a frame at the end of the tank 
(Fig. 13,2). Each sheet should be unrolled and drawn directly under water in the tank 
to prevent entrapment of air. This allows the membrane to settle to the bottom of the 
tank. A submerged roller may be useful here. Properly handled membranes can be 
stored indefinitely in this way. The tank filled with membranes should be covered to 
exclude foreign bodies. It is convenient to store the membranes in the correct orienta¬ 
tion for fitting. For example, if they are to be fitted to a moduleu* electrolyzer with the 
cathode pan facing upward, the sheets should be stored with their cathode faces down. 



FIGURE 13.2. Unrolling of membranes into bath (with permission of INEOS Chlor Limited). 
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FIGURE 13.3. Typical cathode-side markings (with permission of INEOS Chlor Limited). 


Figure 13.3 shows typical markings that help to prevent errors in identifying the cathode 
side of a membrane. Proper orientation of every one of the many sheets is of great 
importance. 

The membranes should be allowed to equilibrate with the alkaline water in the hold 
tank for at least 4 hr before installation, trimming, or cutting of holes. This is because the 
equilibration may produce small changes in membrane dimensions. After trimming or 
cutting, the membranes should be returned to the tank until installation. Depending on 
the cell design, special jigs may be useful as guides in the trimming and cutting operation 
(Fig. 13.4). 

Membranes from all suppliers generally can be handled in similar ways, but the user 
should carefully follow the detailed directions of the technology supplier or membrane 
manufacturer. Dry expanded membranes are a special case and require different pro¬ 
cedures. Nafion® membranes designated TX have been expanded in diethylene glycol 
(DEG). These need no pretreatment before installation. An advantage of this type of 
membrane over the WX or water-expanded type is their slightly greater degree of 
expansion. This ensures the absence of wrinkles during operation, which is a benefit 
in some technologies. The membrane supplier should be asked to consult on the special 
procedures required to remove the DEG before startup. 


13.7,2. Membrane Installation 

Membrane installation details vary greatly with the type of electrolyzer. In the case of 
monopolar electrolyzers that can be removed from their berths for maintenance or bipolar 
electrolyzers containing removable single elements, membrane fitting takes place in a 
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FIGURE 13.4. Cutting holes in membrane with the aid of a jig (with permission of INEOS Chlor Limited). 


workshop area away from the cell room. With other large electrolyzers of the filter press 
type, membrane fitting takes place at the electrolyzer berth. Regardless of the electrolyzer 
type, the important considerations with respect to membrane fitting are: 

1. Membranes of the wet-expanded type must not be allowed to dry out. Drying is 
much faster when the relative humidity is low. Sprays of demineralized water 
should be used periodically to wet membranes and electrode structures until the 
membranes are securely in position and the electrolyzer sealed. 

2. Careful handling is necessary to prevent membrane damage. In the fitting oper¬ 
ation specifically, dragging membranes over electrode surfaces and allowing 
them to snag on electrode structures are to be avoided. 

3. Membranes must be correctly oriented when installed (i.e., cathode side to 
cathode). 

4. Membranes must be fiat and free of wrinkles. 

5. Electrode structures must be clean and undamaged. 

The membrane fitting operation provides a final opportunity for visual examination of 
electrode structures for damage that occurred in transit or assembly. This inspection also 
should check for flatness, high spots, and anything that could physically damage the 
membranes. 

Fitting methods depend on the electrolyzer design. Some examples follow: 

1. With the INEOS Chlor FM1500-type electrolyzer, which uses small sheets of 
membrane, the cathodes are lifted from the pack in turn, and the sheets are 
stapled to the gaskets on either side of the cathode (Fig. 13.5). The staples hold 
the sheets in position until the pack is fully assembled and compressed. In this 
design, the membrane is contained within the gasket to provide effective sealing. 
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FIGURE 13.5. Attaching membrane to a small monopolar electrode (with permission of INEOS Chlor 
Limited). 


2. In modular electrolyzers such as the Uhde single-element design, membraning 
takes place with the cathode pan lying horizontally, face up, on a table in the 
assembly area. The cathode pan is prepared with its gasket in place, and the 
membrane is laid on top. This is conveniently done by rolling the sheet, with 
precut holes, onto a roller in the holding tank, transferring it to the cathode, 
unrolling it and laying it from one side of the structure to the other. Alternatively, 
two persons can lift the sheet carefully from the bath, holding it by its four 
comers, and placing it flat upon the cathode. The anode pan, also with its gasket 
in place, is then carefully placed over the cathode pan. Standard bolts join 
the two electrodes together. Figure 13.6 shows the similar technique of fitting 
membranes to a BiChlor'*'^ electrolyzer module. Completed modules are then 
fitted into the electrolyzer frame as shown in Fig. 13.7. 

3. With large bipolar filter-press designs, such as Chlorine Engineers’ BiTAC®, 
membrane fitting takes place in the cell room. The elements are assembled on 
the frame, and the gaskets are fitted. The elements are gathered near the moving 
endplate. There will be some means of moving them, one by one, starting at the 
fixed end (opposite the closure mechanism). Individual membrane sheets are sus¬ 
pended above the electrode pack and lowered into position in the gaps between 
adjacent anode and cathode faces. Pushing electrode stmctures together retains 
the sheets. Spraying the edges of the membranes occasionally with demineral¬ 
ized water will prevent their drying out before the closing of the pack. When 
membrane installation is complete, a mechanical or hydraulic system closes and 
seals the pack. 

Sealing and release of membranes are also important considerations. There are two 

issues, prevention of leakage between membrane and gasket and the ability to remove 




bipolar inoduic into olcclroly/er assembly (with permission ot INb’OS C’hlor Limited), 
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membranes from gaskets for repair or replacement. Again, practices vary depending on 
technology, design, and type of membrane. 

Achieving an effective seal is predominantly a design issue, but special assembly 
procedures may be required. Some jointing systems and some types of membrane require 
sealing agents. Designs that confine the membrane sheet within the gaskets can provide 
a rubber-to-rubber seal around the electrode periphery, obviating any sealing problems. 
In the Uhde design, sealing is effected by the use of Gore-Tex"^^ PTFE tape as part 
of the jointing system. Rubber-jointed systems may be designed with gasket profiles 
that provide sufficient local pressure on the membranes to give effective seals. In those 
designs in which the membrane protrudes from the edge of the gasket, sealing compounds 
are applied to joint faces to improve the seal. 

The type of membrane used can also affect the sealing issue. Heavy reinforced mem¬ 
branes can be more difficult to seal than thinner flat designs. Also, certain membranes 
have sacrificial fibers in their construction. These are leached out during pretreatment to 
form voids that help to reduce operating voltages. These voids form channels that can 
provide leakage paths along which process fluids can “wick” out of the electrolyzer. 

Release of membrane from the surfaces of rubber joints without damage is a con¬ 
sideration if one envisages patching repairs in the event of pinhole damage or if there is 
a possibility of disassembly to correct misalignment of membranes during cell construc¬ 
tion. Release agents then may be applied to the surfaces of the gaskets during assembly. 
Silicone grease (e.g., Dow Coming 7 Compound) is a commonly used material. 


13.73, Electrolyzer Testing 

The two principal tests carried out on an assembled electrolyzer or module are: 

1 . membrane leak test, to ascertain that there are no membrane pinholes and that 
the membrane(s) is (are) properly seated across the sealing surfaces; 

2 . electrolyzer or module leak test, to ascertain that the unit is not leaking externally. 

These tests take place soon after membrane fitting. The location may be the cell 
renewal workshop or the electrolyzer berth, depending on the type of electrolyzer 
(Section 13.7.2). 


13.7.3.1. Membrane Leakage Test. The membrane leak test is conveniently carried out 
by pressuring one side of the membrane (usually the cathode side) with air or nitrogen 
at approximately 50 mbar. This can be done by attaching a gas supply line to the caustic 
feed connection on a module or to a suitable connection on the caustic/hydrogen side of 
the electrolyzer. A small valve throttles the gas flow and a manometer or diaphragm-type 
gauge indicates the pressure. Other connections on the caustic/hydrogen side are sealed 
off. The brine/chlorine side offtake connections are sealed but the feed connection is left 
open. Pressure is applied to the catholyte side. When it reaches 50 mbar, the valve is 
closed. If the membranes are in good order, the pressure will remain constant. Falling 
pressure indicates a leak. A tube fitted to the brine feed connection with its end submerged 
in a beaker of water will reveal whether the leak is internal or external. Bubbling in the 



1254 


CHAPTER 13 


beaker indicates that there is a membrane leak or that a membrane is not properly seated. 
This must be investigated and corrected. 

When a leak is detected after assembly or installation of an electrolyzer in its 
berth, it is necessary to determine which membrane is leaking. When an electrolyzer has 
external feed tubes to individual compartments, it is possible to disconnect the tubes and 
submerge their ends in a beaker of water, as above. Smaller electrolyzers with internal 
feed manifolds require a different approach. In the case of the FM1500, for example, 
testing involves the use of a standpipe to apply hydraulic pressure to the cathode side and 
observing leakage from the feed ports along the manifold. An endoscope is a convenient 
tool for this purpose. 

While membranes in a newly assembled electrolyzer should not show any signs of 
leakage, older used membranes may be permitted a small amount of leakage [16]. A 
flow meter connected to the test equipment can quantify the leakage rate. In respect of 
membranes 1 m^ and larger, Bergner and Hartmann [17] recommend as a safe limiting 
leakage rate, 20 dm^ hr“ ^, using nitrogen gas at 50 mbar pressure. They state this to be 
consistent with a pore size of about 1.3 mm diameter. This is considered a good guideline 
in respect of testing large bipolar electrolyzers and ascertaining when to remove mem¬ 
branes. Clearly, prolonged operation of electrolyzers with many damaged membranes 
increases the operational risks. These include hydrogen/chlorine explosions in the vapor 
space and damage to anode coatings and, eventually, structures. 

13.7.3.2. External Leakage Test. The objective of the external leakage test is to find any 
leaks from the assembly before starting operation with process fluids. The test involves 
applying pneumatic or hydraulic pressure simultaneously to both sides of the membranes. 

Pneumatic tests are carried out on modules and small filter-press electrolyzers in the 
workshop. The pressure typically is 300-500 mbar. Equipment design should prevent 
overpressurization and the risk of damage to the electrodes by high differential pressure. 
The pressure should hold for at least 30 min after shutting off the air supply. Leaks can 
be identified with soapy water or a gas leak detector. 

With large filter-press electrolyzers, hydraulic tests involving filling the 
electrolyzers with water may be more convenient. 


13.7.4. Storage and Berthing 

With proper precautions, electrolyzers and modules can be safely stored for some months 
after membrane fitting. Some precautions are: 

1 . feed and exit connections sealed with blank plates or plugs to prevent membrane 
drying 

2 . exterior kept dry and clean to avoid bridging of insulation between cathode and 
anode, with formation of a circuit for corrosion currents that attack cathode 
coating or substrate (can cause loss of catalytic activity and deposition of nickel 
in membrane) 

3. electrical connections not made until ready for startup 

4. feed and exit connections to individual modules or compartments on bipolar 
electrolyzers disconnected from headers 

5. small residual volume of alkaline water in electrolyzer to maintain humidity 
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Smaller electrolyzers assembled in the workshop may be lifted into prepared cell room 
berths and installed. Piping connections can be made up (after completion of pipework 
testing) with slip plates inserted at the connecting flanges to prevent drying of membranes 
and accidental ingress of fluids. 

Frames for modular electrolyzers are normally erected in cell room berths. Mem¬ 
brane modules from storage are placed in the frames, and the units are compressed with 
jacking screws to make satisfactory electrical connections between adjacent anode and 
cathode pans. An alternative approach, which has allowed rapid conversion of existing 
mercury cell rooms, is to preassemble electrode packs in their frames and lift entire units 
into place using a large crane. 

Large filter-press designs are normally assembled in the cell room. The frame 
is erected and the elements placed within. Membrane fitting is carried out in situ 
as discussed in Section 13.7.2 before compressing the whole pack to seal the 
gaskets. 


13.7.5. Record Keeping 

It is vital to establish a system of record keeping in respect of the electrolyzer installation 
and maintenance history from the time of the initial installation. 

To enable this, technology suppliers may provide appropriate database software 
tailored to their hardware designs. Such packages normally provide for recording both 
assembly and maintenance information and performance data (Section 13.11). 

The purpose of such record keeping is to enable the following activities: 

• monitoring of cell room maintenance requirements and costs 

• monitoring and policing of warranties on components 

• comparison of lifetime/performance of different types of membrane and electrode 
coating 

• planning and budgeting of electrolyzer maintenance 

• tracing of history in event of component problems 

For the purpose of tracking, anodes and cathodes or bipolar elements may be stamped 
with serial numbers. For effective monitoring, the database system should allow the 
following to be recorded: 

1 . first startup date for each anode, cathode, and bipolar element 

2 . electrolyzer number and position occupied by each of these elements 

3. type of membrane fitted, position, startup and removal dates 

4. dates of removal for maintenance and dates of restart for each anode, cathode, 
and bipolar element 

5. details of maintenance carried out; for example membrane change, recoating, 
or repair 

The information stored should give the user a ready picture of the type and age of the 
membranes, electrodes, and coatings at all positions in an electrolyzer, along with their 
maintenance histories. 
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13.8. PLANT OPERATION 

The most important considerations determining the normal operating philosophy and 
procedures adopted for the cell room include: 

• meeting safety and health standards 

• controlling operating costs 

• controlling maintenance costs 

• maintaining high plant productivity 

• maintaining product quality 

It is assumed here that design carefully considered safety, health, and environmental 
issues and the risks associated with the operation of the plant (e.g., processing and 
handling the hazardous products; operator exposure to high DC voltages). Operating 
and monitoring procedures are an essential part of the management of these risks. 

Energy consumption is the dominant part of operating cost, and the establishment 
and maintenance of an energy-efficient operation are usually critical to a plant’s overall 
economics. All personnel must fully recognize the vulnerability of membrane technology 
to upsets in operating conditions and in particular to brine impurities. These can cause 
significant losses in operating efficiency, with higher unit energy costs and reduced 
output. Performance losses, more often than not, are largely irreversible. Operating and 
monitoring procedures are necessary to detect any abnormal conditions or impurity levels 
in a timely manner. 

Electrolyzer refurbishment is the largest item in plant maintenance cost. The mean 
time between refurbishments should be optimized. The need for membrane replacement 
is the most frequent determinant of electrolyzer operating life. Maintenance of stable 
current efficiency and energy consumption and avoidance of membrane damage are keys 
to economic cell lifetimes. 

Competent personnel together with robust operating and monitoring procedures 
can ensure safe, efficient, and reliable operation. It is the responsibility of commission¬ 
ing personnel to ensure that these requirements are in place and functional in time for 
startup. It is true that some refinement of operating instructions likely will result from 
the experience gained in startup and initial operation. 

The rest of this section discusses the operation of a generic membrane-cell chlor- 
alkali plant. The main focus is on the operating requirements of the cell room, which 
are treated in some detail. Other systems are considered from the standpoint of their 
roles in providing raw materials or processing products from the heart of the plant, the 
electrolyzers. 


13.8.1. Initial Plant Startup 

A thorough job of commissioning will test all systems as far as is practicable before 
first energizing the cell room. Major systems that may not yet have operated are the 
electrolyzers, chlorine processing system, hydrogen gas handling, and brine dechlorin¬ 
ation. The startup plan must recognize this and allow sufficient time for all systems to 
come on line and gradually reach full load. Thorough testing of control systems and 
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trip logic during precommissioning and commissioning activities will help to avoid an 
excessive number of cell room trips and shutdowns. 

Analytical routines should be established and rehearsed before startup. Addi¬ 
tional analytical staff will be necessary to handle the amount of testing required during 
initial startup. Only when the commissioning manager is satisfied that all necessary 
commissioning testing has been completed should cell room startup be attempted. 

13.8.1.1. Preparation for Cell Room Energization. Electrolyzers are isolated from 
header systems by blanks or slip plates during commissioning of the brine, caustic, 
chlorine, and hydrogen systems. Immediately before startup of those systems, all blank 
plates should be removed, leaving only valves closed where it is appropriate to isolate 
electrolyzers. There should be a record of all blank plates and slip-plates and their 
locations. This will help to ensure that all are removed before startup. 

The brine system should be fully operational, on recycle and bypassing saturation 
and the electrolyzers, at a rate equivalent to that required for operation at 2-3 kA m“^. 
The brine temperature should be about 50°C at the cell room. Concentration should 
be as specified for normal operation (typically 300 gpl), and quality should meet all 
specifications. Analytical routines for the brine system should be in full operation by 
this time. 

Caustic, similarly, should be flowing under control around the catholyte system, 
through the cell room headers and the electrolyzer bypass. Again, the flow should be 
appropriate to a current density of 2-3 kA m“^, and the caustic temperature at the elec¬ 
trolyzers should be about 50°C. A concentration of 30-32% is usually satisfactory in 
the case of NaOH. The caustic should meet all specifications, and its concentration and 
iron content should be checked just before startup. 

The emergency chlorine absorption system, which starts up independently, should 
be in full operation before energization of the cells. 

Before connection to the buswork, the electrolyzers should be given a final check, 
covering insulation of the frame, the electrolyzers, and the buswork. There should be no 
debris (e.g., nuts and washers) that might compromise the integrity of the insulation. The 
flexible conductors or cables that join the electrolyzers to the feed bus bars should be 
connected only when rectifier testing is complete and immediately before energization. 

Gas systems must be vented to allow the electrolyzers to be filled. It is important to 
keep the membrane position constant and against the anodes. Caustic, therefore, should 
be introduced before brine. Opening the electrolyzer caustic feed valves and closing the 
bypass diverts the circulating caustic flow through the electrolyzers. Brine flow through 
the electrolyzers should start a few minutes later. The crew should monitor brine and 
caustic feed rates and temperatures with the goal of achieving uniformity among the 
electrolyzers. With many bipolar designs, liquor flows through each compartment or 
module can be checked by observing the transparent feed or exit hoses. Exit temperature 
indication will begin to rise after the electrolyzers are full and overflowing. The brine and 
caustic temperatures then can be increased slowly and together to raise the electrolyzer 
temperatures for startup. The gentle program of temperature increase minimizes the 
thermal shock felt by the membranes. Feed temperatures for startup normally are about 
87°C. With new membranes, it is desirable to hold at a minimum of 75®C for 1 hr to 
allow the membranes to equilibrate with the process fluids. 
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When the electrolyzers are overflowing, the gas headers can be purged. Nitrogen is 
used on the hydrogen header and air or nitrogen on the chlorine header. Air flow to the 
chlorine header may be induced with the header under slight suction from the absorption 
plant or the chlorine compressor or admitted under pressure from a compressed air 
supply. Nitrogen is used instead of air when its supply is considered more secure and 
when oxygen levels in the chlorine are detrimental to downstream processing. The header 
pressure control system should be active during purging to ensure that the recommended 
differential pressure is applied to the electrolyzers. The differential typically will be 
10-30 mbar, with the hydrogen pressure being the higher. The hydrogen header should 
be positive at all times in order to avoid air ingress. After a prescribed minimum period, 
typically consistent with passage of up to 10 times the system volume of purge gas, the 
remote end of the hydrogen header should be checked for its oxygen content, which 
should be less than 1% v/v. 

On bipolar electrolyzer circuits, once header purges have been established and 
the oxygen content in the hydrogen header is satisfactory, the polarization rectifier, if 
provided, can be started. This prevents reverse currents originating from the battery 
effect from causing cathode corrosion. The polarizing current, typically 10-30 A m“^, 
generates oxygen at the anode and hydrogen at the cathode. It is normal to start the current 
at about 50°C. Higher temperatures increase the rates of corrosion and the magnitude of 
the reverse current. 

The rate of flow of the nitrogen purge in the hydrogen header is an important process 
design factor. Considerations include: 

1 . sufficient flow rate to purge air from downstream piping and equipment in a 
timely manner 

2 . sufficient velocity at the tip(s) of the vent stack(s) to prevent bum-back in case 
of ignition (Section 9.2.6) 

3. rapid purging of cell room headers at shutdown to prevent backflow into the 
electrolyzers, allowing hydrogen to diffuse through the membranes or flow 
through cracks and pinholes into the chlorine system (typical flow rates are 
0.04-0.1 Nm^ hr“^ m"^ membrane area) 

Adequate purging of the chlorine headers prevents the accumulation of dangerous quant¬ 
ities of hydrogen in the chlorine system. The source of hydrogen again is diffusion 
or leakage through the membranes. With either chlorine or hydrogen headers, there 
should be sufficient flow for proper operation of pressure control systems, and it is most 
convenient if the rates used in startups and shutdowns are essentially the same. 

During preparation of the cell room, the rest of the plant must reach startup status 
so that there will be no delays in energization. Also, during the activities listed above, 
the following actions should be completed: 

1. brine feeding the cell room checked for salt concentration, pH, and total hardness 

2 . recirculating caustic checked for concentration and iron content 

3. measurement of pH of brine leaving each electrolyzer (feed pH will be 3-11, 
depending on whether acid is being added for CO 2 removal; exit pH will 
be higher because of caustic migration; excessively high exit pH indicates 
membrane damage) 

4. brine and caustic flows to each electrolyzer maintained at proper rate for startup 
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13.8.1.2. Electrolyzer Energization. During the cell room startup, it is important 
to have facilities readily available for analysis of key process streams. Necessary 
measurements include brine and caustic strengths (by specific gravity), chlorine gas com¬ 
position (by gas chromatograph or Orsat), brine pH, and free chlorine content of brine 
(by ORP). 

The application of load to the electrolyzers should be made in steps, typically 
0.5 kA m~^ at a time, with 15-min waiting periods between steps. The rate of increase at 
each stage will depend on the need to maintain stable control of the gas pressure control 
systems. The addition of water to the circulating catholyte should begin at 0.5 kA m“^. 
The rate required is nearly linear with current density. In any event, the operating load 
determines the set point, which can be programmed into a DCS. 

Electrolyzer exit temperatures rise as operating current is increased. Operators 
should adjust feed brine and caustic temperatures as the load approaches 2 kA m“^ in 
order to bring the exit temperatures under control. Design exit temperatures typically 
are 87°C, with an acceptable range of 80-90°C. The required feed temperatures depend 
on electrolyzer voltage and other technical requirements. It may be found convenient to 
maintain feed brine and caustic temperatures equal. 

It is desirable to achieve normal on-load operating conditions, other than current 
density, within an hour of energization. 

Increases in rectifier loads require careful monitoring of the operating voltages. The 
ease with which this can be done depends on the sophistication of the monitoring system 
provided. In monopolar cell rooms, it is normal to provide on-line voltage monitoring 
and rectifier trip facilities on individual electrolyzers. In bipolar cell rooms, the minimum 
supply may be simply a total electrolyzer trip and a Wheatstone bridge arrangement that 
compares voltages on the two halves of an electrolyzer. This can detect an imbalance 
caused by a high voltage between any pair of electrodes. Manual field measurements 
then are necessary for a survey of all individual anode/cathode pairs. On-line voltage 
monitoring of individual pairs through the DCS or a dedicated computer is very con¬ 
venient and is quite common in newer plants. It can save a great deal of operator time, 
and the accurate and essentially simultaneous readings that it provides are helpful in 
troubleshooting. 

In a bipolar electrolyzer, the voltages found across individual elements or 
anode/cathode pairs during polarization and the raising of load up to about 0.5 kA m“^ 
are useful indications of the presence of pinholes in membranes. The voltage of a cell 
with a membrane damaged in this way will be lower by perhaps 500 mV [18] and will 
increase more slowly than the voltage of a good cell. The reason for this is that a pin¬ 
hole causes the level of alkalinity in the anolyte to rise, and the generation of oxygen 
dominates at low currents. This occurs at a lower voltage than the generation of chlor¬ 
ine. The relationship is time-dependent, and so voltage measurements on all elements 
must be concurrent to allow comparisons between individual elements. At startup, each 
anolyte compartment contains an accumulated stock of hydroxyl ions. The oxygen¬ 
generating reaction consumes these, causing the compartment voltages to rise, even at 
constant current. The increase continues until reaching equilibrium with the flow of 
caustic through the pinholes. Waiting for equilibrium is not a practical approach, but 
comparison of transients is not difficult if the voltage of every element is monitored. 
Voltages may be measured at several currents as load is applied. Figure 13.8 com¬ 
pares the startup voltage of a bipolar module with a normal, undamaged membrane 
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Current Density (Amps/m^) 


FIGURE 13.8. Startup voltage profile. 


with that of a module with a pinhole. An experienced technologist should determine 
the level at which action should be taken. It can be said here that a module running 
300 mV below the norm at 0.2kAm“^ would indicate a problem requiring urgent 
attention. 

Observation of the color of the gas in the transparent outlet hoses of a bipolar 
electrolyzer as the load is raised is another good indicator. The color change may be 
slower or less intense in those cells that are generating oxygen. 

The nitrogen purge on the hydrogen header should not stop until gas generation 
begins. It might be discontinued at, say, 0.5 kAm”^. Reduction of the nitrogen flow 
should be gradual and careful in order not to upset the differential pressure control. 

The first two days of operation should be considered a conditioning period for the 
membranes and a run-in period for the rest of the plant. Caustic strength should be less 
than design. For example, a 32% NaOH membrane might start up at 29-31%. This 
concentration should be checked frequently during the startup period. It is particularly 
important to avoid extremes in concentration that can cause permanent damage to the 
membranes. 

Early operation should also be at less than design current density. A typical load 
during this period is 2-4 kA m~^. The load should be held stable while monitoring brine 
and caustic temperatures and concentrations. The differential pressure between hydrogen 
and chlorine should also remain stable. The rest of the chlor-alkali plant operation can 
also be checked for deviations and problems during this time. 

Useful cell room checks that also provide base-line data for future reference 
include: 


1. measure and record all electrolyzer and module voltages 

2. sample individual electrolyzer gas streams and analyze for oxygen and hydrogen 

3. measure pH of depleted brine from each electrolyzer or module 

4. check current distribution 

5. check voltage losses at electrical contacts 
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The hydrogen content of the chlorine should be less than 0.1%. If an electrolyzer shows 
a higher value, there is a membrane problem that should be identified and corrected. 
The pH of the depleted brine with new membranes but without deep acidification should 
be in the range 3.5-4.5. Higher values indicate leaking membranes. Since much of the 
caustic passing through membrane pinholes may be converted to oxygen, this indication 
may fail in some cases. However, an abnormally high pH always indicates that there is 
a problem that must be addressed. 

After the stabilization period and the correction of any serious problems, the exit 
caustic strength can be increased and then the electrolyzer load increased in increments 
up to the desired level (Section 13.8.2.2), 


13.8.2. Normal Cell Room Operation 

13.8.2.1. General. Normal operating and monitoring routines for the individual elec¬ 
trolyzers, the cell room, and the associated plant are to be established and followed 
carefully. Process parameters should remain within the specified ranges. When upsets 
occur or an important parameter moves out of specification, the appropriate actions, 
which may include shutdown of the plant, must be taken. 

It is common practice for operating personnel to carry out some of the routine ana¬ 
lyses that require immediate attention. Most frequently, these include analysis of chlorine 
gas for oxygen and hydrogen, pH measurements, determination of brine and caustic 
strengths, primary brine treatment reagent control, brine hardness, and brine dechlorin¬ 
ation analyses for free chlorine or reducing agent excess. Results from analyses made in 
the plant laboratory must be made available to operating personnel in a timely fashion to 
allow appropriate corrective action. The laboratory should also check the routine operator 
analyses on a regular basis to ensure their accuracy. This is especially important in respect 
of brine hardness. Special apparatus is required for precise analysis of trace elements 
and ppb quantities of calcium and magnesium. Real-time analyses by operators and on¬ 
line instruments are valuable for process control, but they should be checked regularly. 
Licensing agreements also may require periodic reporting of the more precise data. 

Electrolyzer temperatures and voltages and individual bipolar cell or module 
voltages are primary indicators of problems and so should be closely monitored. 
Computer-based voltage monitoring systems offer high accuracy and automatic trending 
of data, and they eliminate the need for time-consuming manual readings. 

Cell room feed liquor temperatures should be adjusted as necessary to keep 
electrolyzer outlet liquor streams at 80-90°C. At lower current densities, this will require 
heating of the circulating caustic; at higher current densities, it will require cooling of 
the caustic. 

The pressure differential across the membranes should be carefully controlled in 
accordance with the technology supplier’s requirements. Typical values are in the range 
10-30 mbar. The pressure differential indicated in the control room should be checked 
regularly with manometers (header pressures permitting). To prevent damage to the 
membrane by vibration or fluttering, control should be steady, with fluctuations no more 
than ±1 mbar. The pressure on the hydrogen header should at all times be positive and 
greater than the pressure on the chlorine header. 
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Section 13.11.3 discusses the frequency of monitoring and gives a typical 
schedule. 


13.8.2.2. Changes in Electrolyzer Load. Changes in electrolyzer load should be smooth 
and gradual. The maximum rate of change in practice usually depends on the downstream 
plant and the ability to maintain good differential pressure control in the cell room. During 
a change in load, brine and caustic feed rates and temperatures and the rate of addition of 
water to the circulating caustic should vary to keep exit concentrations and temperatures 
within the specified ranges. This ensures that the membranes always remain in a similar 
ionic/temperature environment. 

Incremental load changes of 0.5 kA m“^ or less usually allow good electrolyzer 
control. The procedure for an increase in load is: 

1. raise the brine and caustic flow rates to those required at the higher level 

2. lower the brine and caustic feed temperature set points to those required at the 
higher load 

3. raise the water addition rate to that required at the higher load 

4. begin increase in load when temperatures begin to fall, and increase at a rate that 
does not disturb differential pressure control 

The procedure for reductions in load is: 

1. raise the brine and caustic feed temperature set points to those required at the 
lower load 

2. reduce load at a rate slow enough not to disturb dilferential pressure control 

3. lower the water addition rate to that required at the lower load 

4. lower the brine and caustic flow rates to those required at the lower load 

The sequences are designed to avoid harmful excursions in concentration and 
temperature. 

When controlling electrolyzer feed rates, water addition rate, and load from a DCS, 
it is convenient to ramp the load and derive the other set points from the load. A typical 
ramp rate might be 1 kAm“^ in 10 min. This technique is particularly advantageous 
when load variations are frequent, as in daily load shedding to avoid high power tar¬ 
iffs. Safe load shedding requires careful attention to control of operating variables. To 
minimize deterioration of the current efficiency that might result from such regular load 
shedding, the membrane environment should be kept nearly constant as possible. Con¬ 
stant brine and caustic concentrations and temperatures are best maintained by using 
automatic load ramping and controlling brine flow rate and caustic water addition rate 
automatically in response to load. The ramping rate depends on the ability to control 
feed temperatures and gas header pressures and to avoid uncontrolled disturbances of 
other plant areas. The minimum operating load depends largely on the chloride level 
that can be tolerated in the caustic product. Chloride concentration increases at a low 
load, and the increase is pronounced as the load falls below 2 kA m“^. The specification 
may be exceeded at, say, 1.5 kA m“^. Problems with chloride buildup are more likely 
in KOH production. Providing tankage for segregation allows the caustic produced at a 
low load to be blended off. It is very important to maintain good current efficiency when 
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shedding load. Low current efficiency also results in increasing chloride concentration 
in the caustic, aggravating the problem of low-load operation. It is known that load shed¬ 
ding, with meticulous control, can be successful down to 0.9kAm“^. More normally, 
the lower limit will be 1.5-2 kA m“^. 


13.8.2.3, Operation with Acidified Brine. Acidification of the feed brine improves the 
performance of the cells. As explained in Section 7.5.6.1, the improvement results partly 
from the elimination of carbonate ion, a precursor of CO 2 , and partly from neutralization 
of some of the hydroxyl ion that passes through the 'membrane from the catholyte. 
At the same time, overacidification is a danger, because carboxylic membranes can 
protonate below pH 2. The feed brine can be at a lower pH. It is the pH of the anolyte that 
must be limited. Since carbonate decomposes at about pH 3, the benefits of acidification 
come in two stages. 

What one might consider the primary stage of acidification to pH 3 can be fully 
commissioned prior to cell room startup, and brine at pH 3 may be fed to the electrolyzers 
at startup and during off-load periods. It is important to allow for effective degassing 
(Section 7.5.6.2), which may occur in the feed brine tank or a separate degassing vessel. 

Further addition of acid should begin only after establishing stable operation. As dis¬ 
cussed above, the first 48 hr of operation will maintain a conditioning load of 2-3 kA m“^. 
It is reasonable to start acid flow once the load gets to this first steady level. We should 
note that during the ramping up to this load, the oxygen level is always a bit high 
because of residual alkalinity in the anolyte. This is due to diffusion of hydroxyl ions 
through the off-load membranes. Acid addition may be flow controlled or flow-ratio 
controlled in response to the brine feed rate. When acid flow first begins, increases in 
rate should be slow to avoid any loss of control. The final rate will be set by the max¬ 
imum allowable oxygen level in the chlorine. Requirements depend upon membrane 
current efficiency and the characteristics of the anode coating. The best arrangement 
with multiple electrolyzers is to add acid to each one separately. This permits adjustment 
of acid flows in response to the operating current efficiency of each electrolyzer. Some 
electrolyzer designs with external anolyte recirculation are well suited to acid addition 
in the circulating system. 

The addition of acid requires continuous monitoring, with an alarm at low pH. This 
may also be arranged to trip the acid feed. There should also be an automatic shutoff 
of acid feed when the electrolyzers go off line for any reason. Without this, the reduced 
OH~ flux across the membrane causes the anolyte pH to fall, increasing the risk of 
protonation of the membranes. 

Although this is not a problem at initial startup, special care must be taken where 
membranes of different age and current efficiency are deployed in the same electro¬ 
lyzer, because measurement of the exit pH provides only an average value. The younger 
membranes will have a lower exit pH if their current efficiency is higher and may be 
more prone to damage. The rate of addition of acid then must be lower to ensure that 
individual anolyte compartments do not fall below pH 2. The average oxygen level, 
therefore, will be higher. When a plant deems it important to operate with acid addi¬ 
tion rates close to their maximum, a frequent practice is to install trips based on rate of 
voltage rise. 



1264 


CHAPTER 13 


13.8J. Electrolyzer Shutdowns 

Frequent shutdowns can have a cumulative deleterious effect on membranes and on 
the performance and useful life of electrode coatings. They should be avoided. If the 
current is interrupted for any reason, there are several actions necessary to mitigate this 
deterioration. Shutdown requirements and system provisions are, therefore, an important 
part of cell room design. 

There are two types of cell room shutdown to consider: 

• a normal controlled shutdown, with the load being reduced under operator control 

• an emergency shutdown initiated by a process trip, a rectifier internal fault, 
a major power outage, or operator intervention 

We also consider the shutdown of individual electrolyzers for maintenance. 


13.8.3.1. Normal Shutdown. Given enough time for a planned shutdown, operators 
should reduce the load in the normal controlled and incremental manner until caustic 
cooling is no longer required. Typically, this will be at a load of 2-3 kA m“^. With the 
caustic exchanger switched to heating duty (or, where there are separate exchangers, 
control switched from the cooler to the heater), the load should again be reduced until 
pressure control can no longer be maintained: Then, the rectifiers should be tripped. 
Where operation is at pressures significantly above atmospheric, it may be appropriate 
to reduce the pressure as the load is reduced in order to give better differential pressure 
control and avoid large transients. 

The following actions, as appropriate to the particular system, should begin 
immediately upon interruption of cell room current: 

1. start polarizing rectifier 

2. start nitrogen purge of hydrogen header 

3. start air or nitrogen purge of chlorine header 

4. stop addition of water to caustic circulation loop 

5. stop addition of acid to brine feed stream 

6. stop export of caustic from catholyte system 

These can in general be automated. Some plants leave polarizing rectifiers on during 
normal operation, in which case they are reliably available at shutdown. 

Brine and caustic should continue to flow through the electrolyzers at rates at least 
equivalent to those required for 3 kA m“^ operation for some time after loss of current. 
This keeps the electrolyzers full on both sides and flushes free chlorine from the anolyte. 
Flushing should last at least 30 min or until the free chlorine content of the brine leaving 
the cells is below 1 gpl. Appropriate measures also should be taken to prevent reverse flow 
of chlorine from any part of the system into the electrolyzers. If circulation continues after 
flushing, the brine and caustic flows should be approximately those required for operation 
at 2 kA m“^. Monitoring of cell room parameters should continue at normal frequencies. 

Brine and caustic temperatures should be at least 60°C while flushing the cells. This 
may require addition of heat to the circulating caustic. If the shutdown time is expected 
to be short, the temperatures may be kept above 75°C. If the shutdown will last more than 
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several hours or if electrolyzers are to be drained, it is better to allow the electrolyzers to 
cool. This reduces the rate of transfer of the chloride ion into the catholyte. Temperatures 
should drop to 40°C before stopping liquor flows and draining the cells. Cooling may 
be natural or, to speed up the process especially with large electrolyzers, forced by use 
of the caustic cooler. Polarization rectifiers can be shut off after the temperatures reach 
50®C, Gas header purging should continue, with differential pressure control, until the 
polarizing current is switched off. 

Water continues to flow across the membranes when the current to the cells is shut 
off. This transfer dilutes the circulating caustic. A certain amount of dilution is useful, 
and the concentration can be allowed to fall into the range used for cell startup (27-32% 
NaOH is desirable). From that point, addition of concentrated caustic is necessary to 
maintain some minimum concentration. The most convenient design would include a 
system for return of product caustic to the circuit from a suitably lined tank. The caustic 
added must have a low iron content in order not to contaminate the circulating material 
and adversely affect performance of the cathode coating. 

When the cells are drained, it is important to hold the membranes in position against 
the anodes and to maintain a humid atmosphere in the cells. The following procedure 
accomplishes these objectives: 

1. Stop circulating brine and caustic through the cell room by closing the 
electrolyzer feed valves and shutting down the feed pumps. 

2. Ensure that hydrogen and chlorine header pressures are under control and that 
the differential is correct. Small header purge flows will be necessary when the 
electrolyzers are draining. 

3. Open the feed brine drain valve to allow the anode chambers to drain. 

4. After a few minutes, open the feed caustic drain valve to allow the cathode 
chambers to drain, 

5. When draining is complete, close drain valves. 

6. Stop gas header purges (not before shutting down polarizing rectifier). 

7. Close all valves to and from electrolyzers in order to maintain internal humidity. 

Detailed shutdown procedures vary significantly among technologies. The above 
should be considered general principles, and the procedures recommended by electro¬ 
lyzer suppliers should be followed carefully. Some of the differences in procedures are 
worth highlighting here: 

• not all bipolar systems use polarization rectifiers, and without them, flushing 
procedures are more critically important 

• some suppliers or membrane manufacturers may prefer dilution of feed brine 
during shutdowns in order to lessen the risk of salt precipitation within the 
membranes 

• some plants wash brine and caustic compartments with water by repeated draining 
and filling 

Membrane performance is not unduly affected by shutdowns of long duration. 
Some operating companies adopt the precautionary measure of occasional refilling and 
circulation (using procedures as given for restart) if the cells are shut down for several 
weeks. 



1266 


CHAPTER 13 


13,83.2, Emergency Shutdown. Emergency shutdown procedures should consider the 
possibility that power and instrument air may not be available. Plant design must include 
provisions to ensure safety and environmental protection and to prevent damage to the 
electrolyzers or membranes. These may include: 

• emergency power supply to polarization rectifiers and critical drives (e.g., 
chlorine emergency absorption tower fans and circulation pumps) 

• provisions for flushing electrolyzers and topping them up with brine and caustic 

• uninterruptible power supply backup for DCS 

• appropriate air-failure actions for critical valves 

An emergency shutdown should automatically initiate all critical actions. These include 
those listed in the previous section. Typical minimum requirements for electrolyzers 
equipped with polarizing rectifiers are: 

• top up anolyte and catholyte compartments to overflow 

• start polarization current flow 

• purge hydrogen gas header to atmosphere via relief system 

• purge chlorine gas header to absorption system 

Particularly if liquid nitrogen is available, the use of nitrogen rather than air for chlorine 
header purging may be considered more secure during power failures. 

An emergency shutdown may be initiated by a process rectifier trip, the loss of 
incoming AC power supply, a rectifier internal fault, or operator intervention. Rectifier 
process trips usually include the following: 

• high electrolyzer voltage 

• high individual cell or module voltage 

• low feed brine flow 

• low feed caustic flow 

• high exit caustic temperature 

• high chlorine pressure 

• high hydrogen pressure 

• low brine feed tank level 

• high anolyte tank level 

When the cause of a shutdown is the loss of brine or caustic flow and when one of these 
flows is not available after loss of power, certain technologies require a secure supply 
of brine or caustic to offset the sudden loss of level in the cells. This is a consequence 
of escape of the gas bubbles present in both compartments of each cell. Because of the 
exposure of large areas of membrane to gas, the potential for transfer of hydrogen into 
the chlorine system is greatest during this period. 

It may also be necessary to provide a secure supply of brine for adequate flushing 
of chlorinated brine from the anode chambers. 

Once a safe state has been reached, actions can be taken to restart circulation or to 
allow the electrolyzers to cool and be drained. Polarization can continue for some hours 
without significant drop in the liquid levels in the cells. Gas header purges must remain 
on during polarization. 
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13.8.3.3, Shutdown of Individual Electrolyzers for Maintenance. In larger monopolar 
membrane cell rooms, individual electrolyzers may be removed by using an on-load 
shorting switch to bypass the current around the electrolyzer to be removed. In some 
small monopolar cell rooms, the entire circuit is shut down, an electrolyzer removed, 
and a replacement electrolyzer fitted. This practice is justified by the small loss that is 
sustained in production and the floor area and capital expense that are saved. Shutdowns 
for cell removal are infrequent, and the change can be made in about 4 hr. 

Full plant shutdowns are necessary in bipolar cell rooms that contain only one 
electrolyzer. Since work must be carried out on the installed electrolyzer to change 
modules, electrodes, or membranes, downtime can be significant and is a function of 
the amount of work to be done and the design of the electrolyzer. Bipolar cell rooms 
with multiple electrolyzers may have one of several different configurations. Several 
electrolyzers may be fed in parallel from a common rectifier (common in mercury¬ 
cell conversions), or individual electrolyzers may be equipped with their own rectifiers 
(technically, the best modem practice). Electrolyzers also may be made up of a number 
of packs or frames arranged in electrical series. Section 8.3.1.3 discussed some of these 
combinations. 

When each electrolyzer has its own rectifier, any one can be isolated by shutting 
down the rectifier and opening off-load DC breakers. With more than one electrolyzer 
on a rectifier, it may be necessary to lower the current on all associated electrolyzers 
to zero in order to open the DC breakers on the bus bars to the electrolyzer that is to 
be removed. An on-load DC breaker may also be used on one bus connection after 
the total rectifier output has been lowered to that which will apply after removal of the 
one electrolyzer. Opening an off-load breaker on the other bus attachment completes 
isolation of the electrolyzer. 

Movable shunting switches can also be used on multi-pack bipolar electrolyzers to 
isolate one pack while allowing the others to stay in operation. This practice adds a layer 
of complexity to cell room design and operating procedures. 

The principal shutdown requirements pertaining to individual electrolyzers are the 
same as those pertaining to electrolyzers in the cell room as a whole. Besides the require¬ 
ments for electrical isolation, the plant design and operating procedures must give full 
consideration to the needs for polarization, over-pressure protection, top-up, flushing, 
purging, depressurization, cooling, draining, and safe isolation from process streams 
when individual electrolyzers are to be moved in and out of service. With the wide vari¬ 
ations in cell room configuration and electrolyzer design, it is not appropriate to go into 
the subject in any detail here. 


13.8.4. Normal Electrolyzer Startup 

Restart of a cell room requires the same attention to detail as the initial start, but it can 
go more quickly. If electrolyzers have been drained, circulation should be restarted as 
described above. The cell temperatures for startup should be at least 75^C. Polarization 
can begin at about 50"^C, but not until the hydrogen circuit has been purged properly. 

Operation can begin, with load applied, after temperatures reach 75°C. The load can 
be increased steadily to about 2 kA m“^. Monitoring of the chlorine gas for its hydrogen 
content should begin at this stage. After establishing normal operating conditions and 
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beginning to add acid to the brine to control oxygen formation, the operators can bring 
the load up to full operating level. As always, the rate of increase must cause no upsets 
in control of operating pressures, temperatures, or liquor concentrations, but the rate can 
be much greater than that recommended in Section 13.8.2.2 for initial startup. Ramping 
up the load should take 30-60 min, A typical rate of increase is 1 kA m~^ in 6 min. 
Once the membranes have been conditioned, the caustic strength can be brought up to 
the normal operating level. 

Every startup provides an opportunity to check the membranes for pinholes by 
monitoring the current/voltage relationships at low loads (Section 13.8.1.2) and also to 
check the k-factors of electrolyzers, modules, or cells. This information is valuable in 
planning future maintenance and cell renewal. 


13.9. PLANT PERFORMANCE TESTING 

It is common practice to run a performance test in a new plant as part of or soon after 
startup. In many cases, it is a contractual requirement to show that guarantees have been 
met. These guarantees principally include: 

• caustic production rate and concentration 

• electrolyzer DC power consumption 

• oxygen content in chlorine gas from the cell room 

• hydrogen content in chlorine gas from the cell room 

• chloride in caustic product from the cell room 

Membrane manufacturers also normally provide a warranty on initial caustic current 
efficiency, which is typically 95 or 96%. This warranty is normally embedded in the 
energy consumption guarantee, which is based on the expected voltage performance and 
current efficiency. 

Performance tests on particular vendor packages may also be necessary to enable 
acceptance of their equipment by the client or main contractor. This is typical in the case 
of such units as: 

• filtration 

• brine ion exchange 

• caustic evaporation 

• chlorine liquefaction refrigeration 

• hypochlorite manufacturing 

• rectifiers 

In any event, tests provide a valuable baseline for tracking performance over time. 
Provisions for the performance test(s) should be part of the plant design, with procedures 
carefully spelled out. Startup is a very busy time, and managers should not have to divert 
their efforts to planning a test run. Furthermore, ad hoc arrangements tend to be less safe 
than carefully designed facilities. 

The major objective of a test run will be to demonstrate that the plant can produce the 
required amount of product at the expected energy efficiency. The relationship between 
these two parameters is especially important in a chlor-alkali plant. It is usually possible 
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to operate above design rates simply by increasing rectifier output. The key is to be 
able to do this without an excessive increase in energy consumption. Because it is 
onerous to make a run with no variation in amperage, a test protocol should allow some 
leeway and define an acceptable variation in energy consumption if production exceeds 
the test requirement. 

Energy consumption is measured in kilowatt-hours per ton of product, the “product” 
being either chlorine or caustic. Most operators and technology suppliers choose caustic 
as the basis for measurement. This choice reflects the practical difficulties of measuring 
chlorine production accurately and taking into account system losses that end up princip¬ 
ally as hypochlorite or HCl. Another complication is the dependence of anolyte current 
efficiency on the amount of acid or alkali present in the feed brine (Section 7.5.6.1). 
The caustic current efficiency, for all practical purposes, depends only on the membrane 
efficiency. It becomes more convenient and usually more accurate to measure the pro¬ 
duction of caustic. One need only measure the amount of solution produced and analyze 
its caustic content. Again for convenience and accuracy, and assuming the use of mem¬ 
brane cells, it is best to measure the output of cell liquor. This separates the electrolyzer 
and evaporator test runs. These measurements make it possible to calculate the anode 
current efficiency from analytical data and hence, to calculate chlorine production and 
specific power consumption. 

Other measurements might include: 

Electrical 

Auxiliary power consumption 
Transformer-rectifier efficiencies 
Power factor 

Consumption of auxiliary materials 
Sulfuric acid 
Hydrochloric acid 
Brine-treating chemicals 
Regenerant chemicals 
Brine area 

Clarifier overflow and sludge 

Filter outlet solids content, pressure drop, and operating cycle 
Ion-exchange performance 
Hardness of product 
Bed life/breakthrough time 
Chemical consumption 

Dissolved chlorine after primary dechlorination 

Chlorine process 

Dryness 

Compressor energy consumption 

Refrigeration system output and energy consumption 

Liquefaction efficiency 

Plant performance testing normally takes place soon after reaching full load and when 
operation of the entire plant is stable. The performance test is carried out to establish that 
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the plant can operate to design capacity with energy consumption and product quality in 
line with technology suppliers’ guarantees. 

A plant performance test will normally be carried out over a defined period (usually 
48 hr or longer) during which the cell room will be operated steadily near the design 
load. To enable this, it must be established before the test that all peripheral systems are 
capable of steady operation at the required throughput. 

In all cases of measurement, it is important that all the parties agree on the methods 
of determination before the performance test. This subject should be addressed in the 
supply contract. Measurement errors are usually to the benefit of the supplier. It is 
important to understand and agree on the accuracy of the measurements to be applied. 

In order to determine accurately caustic soda production rate several approaches 
may be adopted. These are: 

• Collection of caustic in a calibrated tank. This will enable volumetric production 
to be determined. Samples of caustic into the tank will be taken and analyzed 
for concentration. The mean density of the collected liquor is a function of the 
mean concentration and the tank temperature. The production rate can then be 
determined from the measured volume and the density. Caustic production is 
normally quoted as tons 100% NaOH or KOH. Tank calibration charts may be 
available. Alternatively, measurements of mean diameter may be made with due 
allowance for any internals. Level may be determined by dipping using a tape 
and plumb bob. 

• In smaller plants, collection of caustic in a road tanker barrel followed by weigh¬ 
ing on a plant weighbridge. Mean caustic concentration may be determined 
from averaging analyses of production at regular intervals or by sampling and 
analyzing the mixed contents of the tanker. 

• Determination of caustic production rate using a flow meter. This is the most con¬ 
venient method, but it is not always favored because of the lack of certification of 
calibration. The accuracy of electromagnetic flow meters and Coriolis mass flow 
meters is very high (c. ± 0.5%) and reliable results have been obtained consistent 
with other methods of measurement. Both types can be used to integrate flow. 
The Coriolis type is particularly advantageous, as it does not require separate 
density determinations. 

• Indirect determination of caustic production rate may also be made from chemical 
analysis of cell room current efficiency and the current measurement. Several 
readings may be made during the course of the test and the results averaged. 

In order to determine energy consumption, accurate measurement of the current 
is necessary. This is normally determined from shunts or Hall effect meters on the bus 
bars (Section 8.3.1.5). Voltages are measured at appropriate points on the bus feeding 
the electrolyzers, and the unit energy consumption is 



(1) 
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where 

E — energy consumption. DC kWhr caustic 
V = voltage across cells 
I = direct current, kA 
t = dmation of test, hr 
W = weight of 100% caustic produced, t 

The leading technologies using high performance membranes typically achieve 
energy consumption figures of 2,050-2,200 kWhr t“^ NaOH at 5 kA m“^. Performance 
is often quoted at about 32% NaOH and 90'^C. It is not practical to achieve exactly 
equal and constant temperatures on all electrolyzers, and in practice, operating tem¬ 
peratures may vary typically between 85-90°C. Caustic soda concentration may vary 
±0.5% throughout a test. The cell voltage is directly related to temperature and caustic 
strength, increasing as temperature falls or caustic strength rises. Correction factors are 
normally applied to the test result voltage figures to make allowance for any deviation. 
Typically, accepted corrections are to add/subtract 9-10 mV for each degree Celsius 
that the operating temperature is above/below 90°C and to add/subtract 15-17 mV for 
each 1% in strength that the product NaOH is below/above 32%, More correctly, these 
corrections should vary with current density, but the size of this correction is small. The 
corrected voltage is used in the above formula to determine energy consumption. 

Oxygen and hydrogen in chlorine will be determined by Orsat analysis or gas 
chromatography. Results of samples taken at intervals will be averaged. 

Chloride in caustic will be measured on samples of electrolyzer product taken at 
intervals during the test and the results averaged. 

It is important to have a period of steady operation for at least 24 hr before running 
a performance test. This allows the performance of the electrolyzers and major processing 
equipment to stabilize. 


13.10. CELL ROOM OPERATING SPECIFICATIONS 
7 J. 10.1. Product Quality 

The following are typical of expected or guaranteed product characteristics from 
membrane electrolyzers operated properly under specified conditions: 

Chlorine gas (dry basis): 
min. 97.5% (v/v) CI 2 
max. 0.05% (v/v) H 2 

appr. 1.8% O 2 (v/v), or max. 1% with feed brine acidification 

Hydrogen gas (dry basis): 

min. 99.9% H 2 

Sodium hydroxide solution: 

typ. 32% NaOH 

max. 40 ppm NaCl (solution basis) 
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13,10.2. Electrolyzer Voltage and Energy Consumption 

Electrolyzer voltages, for all practical purposes, are linear with current density over the 
normal operating range. The following equation, which is similar to Eq. (8.5), applies: 

y = Vb + kl/A (2) 


where 

V = cell voltage 
Vq = intercept voltage 

k — slope of line (often referred to as “k-factor”—see Section 4.4.4.4) 

/ = current, kA 

A = active area of membrane, m^ 

The intercept voltage, Vq, is principally the aggregate of the anode and cathode half-cell 
reversible potentials, the anode and cathode overpotentials, and the liquid-junction poten¬ 
tial at the membrane (usually small). For a typical new cell with activated cathodes, Vq 
is about 2.4 V. With uncoated cathodes, this increases to about 2.7 V. 

The k-factor is very dependent upon the electrolyzer design and type of mem¬ 
brane used. Older monopolar electrolyzers using robust membranes may have a k-factor 
in the range 0.25-0.3, while the most modem bipolar electrolyzers using low-voltage 
membranes may operate with k-factors of 0.12-0.15. 

It is common to quote operating voltage data normalized to a standard load. This 
is useful for performance trending where operating load varies. The usual method is to 
assume a constant Eq and adjust the voltage according to the calculated slope, k. The 
current density to which data are normalized has often been 3^ kA m“^. This is useful 
for comparisons between plants. However, normalization to a representative load will 
incur less error and for modem bipolar operation at higher current density, normalization 
to 5 kA m”^ is more appropriate. 

The normalized voltage is given by the equation 


V2 = Vb + (Vi-Vb)- 


(3) 


where 

V 2 = voltage normalized to current h (current density h/A) 

V\ = voltage measured at operating current 1\ (current density 1\/A) 

Energy consumption is related to the current efficiency as well as to the voltage: 


E = 67,000y 

where 

E = energy consumption, kWhr t”* NaOH 
V = operating or normalized voltage, V 
^ = NaOH current efficiency, % 


(4) 
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If current efficiency is routinely determined for electrolyzers, energy consumption also 
can be trended and compared. Equation (4) relates specifically to NaOH. It is easily 
adapted to the case of chlorine or KOH by substituting the proper stoichiometric factor 
(47,770 for KOH). Section 4,4.3 contains an exhaustive discussion of the subject of 
current efficiency. 

An excessive rise in voltage or fall in current efficiency should be investigated care¬ 
fully. A very good operating plant will demonstrate a cell voltage rise of 1-2 mV per 
month and a current efficiency decline of less than 0.5% per year. The degree of accept¬ 
able deterioration depends to a large extent upon the energy cost. A voltage rise of 5 mV 
per month and a current efficiency decline of 1% per year may be considered accept¬ 
able if the energy cost is low. If deterioration rates are significantly greater, however, 
improvements should be sought in any case. Achieving stable voltage and efficiency, 
and hence stable energy consumption, depends mostly on the ability to maintain the 
specified operating conditions set out in this chapter and defined by the membrane and 
electrolyzer suppliers. Electrolyzer design, frequency of shutdowns, appropriate choice 
of membrane, and robustness of the electrode coatings also play a part. The rate of deteri¬ 
oration of current efficiency depends on the physical condition of the membranes and the 
rate of accumulation of impurities. Examination and analysis of a sheet of membrane by 
the supplier will determine the causes of deterioration and help in planning a program 
for remediation. 

The reasons for an increase in voltage can be more complex and harder to identify. 
Voltage increases result most commonly from damage or poisoning of anode or cathode 
coatings and from effects of physical damage or impurity damage to the membranes. 
Organics present in the brine may also affect voltage by blanketing the anode or mem¬ 
brane surface or causing foaming. This list of causes is by no means exhaustive, but 
these are the common ones with which to start troubleshooting voltage deterioration. The 
current/voltage relationship discussed above is affected differently depending upon the 
cause of the voltage rise. Voltage rise caused by anode or cathode coating perform¬ 
ance deterioration or damage will show as an increase in the intercept voltage Eq. An 
increase in voltage resulting from membrane problems or deposition of impurity at the 
anode-membrane interface will show as an increase in k-factor. Foaming or problems 
with gas release may introduce non-linearity at higher current densities. Measurement of 
voltage over a range of current densities can give some pointers for further investigation. 
Section 4.4.4.4 discusses the k-factor and the interpretation of voltage/current plots in 
some detail. 


13.10.3. Membrane Operating Conditions 

The process conditions that determine the environment in which the membranes oper¬ 
ate are critical to avoiding physical disruption of the polymer structure and obtaining 
good performance and long life. Membranes should operate at high temperature to keep 
their electrical conductivity high and with the right electrolyte concentrations to achieve 
a desirable rate of osmotic water transport and maintain the right equilibrium water 
content in the polymer. Table 13.1 gives typical operating conditions. These values 
represent averages of the conditions recommended for the various technologies. There 
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TABLE 13.1. Selected Membrane Operating 
Conditions 


Parameter 

Allowable range 

Typical value 

Feed brine concentration 

270-305 gpl 

300 gpl 

Exit brine concentration 

190-230 gpl 

200 gpl 

Feed brine pH 

<11.6at23°C 


Exit brine pH 

>2 

2-4 

Feed NaOH concentration 

28-32% (w/w) 

30% 

Exit NaOH concentration 

30-33% (w/w) 

32% 

Exit caustic temperature 

80-90^C 

87°C 

Exit brine temperature 

80-90®C 

87°C 

Differential pressure 

5-30 mbar 

20 mbar 

Current density 

1.5-6 kAm~^ 



are variations that depend on cell design and membrane type, and these of course take 
precedence over the above summary. 


13.103J. Brine Concentration. Membrane plant brine systems are designed to produce 
and handle brine at concentrations that will give satisfactory membrane performance in 
the long term. The exit brine concentration should protect the membranes against irre¬ 
versible physical damage and the loss of current efficiency. A typical value recommended 
by membrane and technology suppliers is about 200 gpl NaCl. Many plants operate at 
higher concentrations. 

As brine concentration decreases, osmotic water transport through the membrane 
increases. The sulfonic anolyte layer of a composite membrane carries this increased 
flow easily, but the carboxylic cathode layer is more resistant. Osmotic pressure therefore 
builds up between the layers. This causes the formation of blisters or, in the extreme, 
complete delamination of the membrane. A lower limit of about 170 gpl NaCl on the 
brine concentration protects against these problems and incidentally prevents any loss in 
current efficiency due to low salt concentration. The value of 200 gpl mentioned above 
allows for some variation between electrolyzers and their individual cells. 

The feed brine concentration normally is fairly closely controlled in the brine plant. 
A typical operating specification is 300 gpl NaCl. Higher concentrations can lead to 
salting out in the electrolyzers as the system cools when offload. The proper combination 
of feed and exit brine concentrations gives satisfactory utilization of the salt. 

With a given feed concentration, setting the flow rate to the electrolyzers according 
to the operating load controls the exit brine strength. The brine flow rate corresponding to 
any load can be programmed into a DCS. This is an effective way to keep the membrane 
environment under proper control. This programming should take into account the special 
requirements of startup, shutdown, and load changes. 


13.10.3.2. Caustic Concentration. The structure of the membrane determines its 
optimum caustic concentration. The exact values must be set with this in mind. 
Excursions from the recommended range change equilibrium water content and water 
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and hydroxyl ion transport rates. These changes can cause irreversible damage by 
swelling, blistering, or solids deposition in the membranes. Composite membranes 
also can decarboxylate at high temperature. The maximum allowable temperature 
decreases at high caustic concentration, and prolonged operation of typical high- 
performance membranes above 35% NaOH can significantly reduce the operating life 
of the membrane. 

Current efficiency continues to improve as the NaOH concentration rises above 
30%, and it remains high at least up to 35%. However, the electrical conductivity of 
the membrane decreases in this range, and so the operating voltage and the internal 
temperature of the membrane also increase. This contributes to a shorter membrane 
life by accelerating decarboxylation if NaOH concentrations remain above 35% for any 
significant period of time. The normal operating range for many membranes therefore 
is 30-33% NaOH. Where the final product concentration is to be about 50%, clearly it 
is preferable to operate in the upper part of this range. Operating concentration targets 
then are normally 32-32.5%. 

The exit caustic concentration is determined by the amount of water added to the 
recycle caustic loop or directly to the electrolyzers. At the recycle rates assumed here, 
the feed caustic concentration is typically 2% lower than the exit concentration. 

Historically, membranes have been developed by some suppliers specifically for 
KOH production. Since these differ from NaOH membranes, some details will change 
but most of the same general phenomena occur. Since the KOH membranes are simpler 
in construction, they are correspondingly more resistant to the stresses of operation. 
The tendency now is to use higher-performance membranes that have been developed 
for NaOH service. Those using these membranes must remember that an important 
characteristic of KOH manufacture is the lower osmotic water transport through the 
membrane. For this reason, some membranes are more suited to KOH manufacture 
than others, and technology and membrane suppliers’ experience should be sought if 
problems are to be avoided. 


13.10.3.3. Operating Temperatures. High operating temperatures also decrease the 
voltage losses due to the resistivity of the membranes and the liquors in the electrolyzers. 
However, the amount of water vaporized and therefore the volume of the saturated gases 
produced also increase significantly. Membrane stability also decreases at high temper¬ 
ature, and decarboxylation becomes more likely. There is no net advantage in operating 
above 90^ C. In practice, there will be a range of membrane ages and operating voltages in 
a mature cell room, and the operating temperatures of the membranes will vary somewhat. 
The safe range of operation is usually considered to be 80-90°C. 

As noted above, the feed brine concentration is determined in the brine plant, and 
its feed rate is controlled to hold the desired exit brine concentration. There is a dif¬ 
ferent philosophy for control of the caustic feed rate. The exit caustic concentration 
is determined by the amount of water added to the recycle caustic loop (or directly to 
the electrolyzers when there is no external recycle). The circulation rate of caustic is 
determined by the need for control of the temperature of the electrolyzers. At low oper¬ 
ating loads, the caustic stream provides heating; at higher loads, it provides cooling. The 
crossover point depends on the operating voltage and heat losses. It is typically in the 
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range 2-^kA m“^. Some operators find from experience and modeling that the caustic 
and brine feed flow rates should be proportional to each other. A caustic flow 1-1.6 
times the brine flow is typical. Equal rates are appropriate with new cathode coatings. 
Higher caustic rates are advisable with grit-blasted nickel cathodes. The ability to vary 
the caustic feed rate gives more flexibility in temperature control. With the rates quoted 
and with a brine depletion of 80-100 gpl across the electrolyzers, the difference between 
feed and exit caustic concentrations will be about 2%. Other operators, with certain 
electrolyzer designs, prefer higher caustic recycle rates. These reduce the changes in 
temperature and concentration across the electrolyzers and help to give a more uniform 
catholyte. 

With the high rates of transfer of mass and energy across the membranes, it is 
not always practical to control caustic and brine exit temperatures independently. In 
practice, it has been found that satisfactory control is achieved in modem electrolyzers 
with the feed brine and caustic at similar temperatures. The temperatures required depend 
on operating voltage and typically will be for new electrolyzers with coated 

cathodes. Older electrolyzers will require lower temperatures, but they usually remain 
above 60°C. Electrolyzers operating at a low current density, and particularly those with 
coated cathodes and new membranes, require higher feed temperatures. However, feed 
temperatures should not exceed 90°C. The exit brine and caustic temperatures in such a 
case may be in the lower end of the desirable range. 

The lower operating temperature limit for membranes is about 75°C. This is set 
in order to avoid damage by blistering. As temperatures fail, the ohmic heating due to 
the electrical resistance of the membrane increases. Excessive generation of heat can 
produce local overheating on a molecular scale, resulting in a higher internal vapor 
pressure, which causes the membrane to blister. 


13.103A, Brine pH. The pH of the brine leaving the purification section depends on 
the amount of excess alkalinity used in treatment. When the feed brine is alkaline, the 
upper limit suggested in Table 13.1 protects against rapid wear of the anode coating. The 
pH of the brine leaving the electrolyzers then is usually approximately 4. When acid is 
added to the brine to improve the quality of the cell gas, the pH of the exit brine must 
remain above 2 to avoid the risk of protonation of carboxylic membranes. Such damage 
is irreversible and results in higher voltage and, in the limit, renders the membranes 
nonconductive. 


13.10.4. Cell Room Material Specifications 

13.10.4.1. Brine Purity Specifications. Brine feed specifications depend on the specific 
types of membrane, anode coating, and cathode coating in use. They may vary slightly 
with the manufacturer, the planned operating conditions (principally current density), 
and the extent of the warranties provided. Table 4.8.8 gives a sampling of recommen¬ 
ded specifications. Impurities may originate with the salt or the process water, and the 
required brine treatment varies widely with the nature of these sources. Section 7.5 
discusses the various treatment processes. 
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TABLE 13.2. Specification for 
Hydrochloric Acid 


Analysis 

Specification (mgpl) 

Heavy metals (incl. iron) 

0.5 

Hardness (as CaCOs) 

0.5 

Free chlorine 

0.5 

Chlorinated organics 

10 


Basis: 32-36% HCl 


TABLE 13.3. Specification 
for Demineralized Water 


Analysis 

Specification 

Chloride 

1.0 ppm (w/w) 

Iron 

0.5 ppm (w/w) 

Mercury 

0.1 ppm (w/w) 

Lead 

0.05 ppm (w/w) 

Total hardness 

0.05 (as calcium) 

Conductivity 

5 |xS cm“^ 


13.10A.2. Hydrochloric Acid Specification. The specification in Table 13.2 is gener¬ 
ally applicable for electrolyzer feed brine acidification, depleted brine pH control, and 
ion exchanger regeneration. The contaminant levels relate to normally available com¬ 
mercial concentrations of 32-36% HCl. Hydrochloric acid used for brine acidification 
should be sufficiently dilute to prevent any risk of salting out. This aspect is covered in 
Section 7.5.6.1. 


13.10.4.3. Demineralized Water Specification. Table 13.3 gives a typical specification 
for water added to the catholyte circuit and used in ion-exchange column regeneration. 
It may be applied to evaporator condensate as well as to demineralized water. 


13.10.5. Sources and Effects of Impurities 

13.10.5.1. Impurities in Brine. Control of brine impurity levels is achieved by a com¬ 
bination of chemical treatment plus ion exchange and an effective purge from the 
brine circuit. The purge may be made selective by some of the techniques discussed 
in Chapter 7. The qualitative effects of some of the major impurities are discussed in 
some detail in Chapter 4, and Table 7.10 summarizes effects and remedies. Still, a brief 
summary as part of this discussion does not seem out of place. 

Impurities affecting membranes are generally divided into those affecting voltage 
(Mg, Ni, Fe) and those affecting current efficiency (Ca, Sr, Ba, Al, Si, I, SO 4 ). Mech¬ 
anisms can be complex, and synergistic effects are not uncommon. Examples of the 
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latter are: 

1. Ba and I, which can combine under alkaline conditions to form barium 
paraperiodate; 

2. Ca, Al, and Si, which can form any of several precipitates, depending on the 
conditions in the cell and the relative concentrations of the three elements. 

Suppliers’ specifications for these impurities vary. This is partly a consequence of 
differences in membrane architecture. 

Some impurities can also affect electrode performance. Those that affect anode 
coating life or performance include F, Fe, Mn, Pb, Ba, SO 4 , and organics. Impurities 
such as Hg and Pb may migrate through the membrane to affect the cathode coating. 
There is also evidence that iron brought in as ferrocyanide in the feed salt can affect the 
cathode. 


13.10.5.1 A. Effects of Calcium and Magnesium. Calcium and magnesium in the brine 
migrate into the membrane and toward the cathode under the influence of the electro¬ 
static field. The corresponding hydroxides form inside the membrane, where they can 
precipitate. Calcium hydroxide precipitates within the carboxylic layer of the mem¬ 
brane and causes physical disruption. This layer determines the current efficiency of the 
membrane, and so the effect of calcium is principally upon that variable. Magnesium 
hydroxide, which is less soluble, precipitates at or near the surface of the sulfonic layer 
and causes an increase in electrolyzer voltage. 


13.10.5.1B. Effects of Aluminum and Silica. There is a synergy between aluminum and 
silica that can lead to the formation of complex crystalline aluminosilicates within the 
membrane. Again, the consequence is a loss in current efficiency. Aluminum, if present 
in sufficient concentration, will also precipitate at the anode/membrane interface. This 
causes a very slight increase in voltage that can be reversed when the electrolyzer shuts 
down. 

Problems with aluminum and silica sometimes occur when vacuum purified salt is 
used without primary chemical treatment. That part of the process often removes most of 
these secondary impurities by co-precipitation. Contamination by filter media is usually 
avoided by proper selection of materials (Section 7.5.4). 


13. 10 . 5 . 1 c. Effects of Iodine. Iodide from the salt oxidizes within the membrane and 
anolyte compartment to iodate or periodate. In a brine resaturation circuit, there is thus a 
slow buildup of iodate, which can diffuse into the membrane and precipitate as crystalline 
paraperiodate salts. Once again, the consequence is an increase in voltage and a loss of 
current efficiency. 

Sodium paraperiodate itself is quite insoluble. In addition, iodine interacts with 
barium to form the insoluble barium paraperiodate. 


13.10.5.ID. Effects of Chlorate. Chlorate ion is a product of the current inefficiency 
reactions in the anolyte. Its accumulation can be controlled by purging or decomposition. 



PLANT COMMISSIONING AND OPERATION 


1279 


Membrane manufacturers recommend a maximum level of about 20 gpl NaClOs in the 
anolyte. There is a finite dilfusion rate of chlorate across the membrane, resulting in 
contamination of the product caustic, and high levels of chlorate will reduce the solubility 
of salt and interfere with the determination of brine concentration by density. The authors 
have never encountered problems with membranes that were attributable to high chlorate 
concentrations. 


13.10.5. IE. Effects of Sulfate. Excessive amounts of sulfate in the brine can lead to the 
precipitation of certain sulfate compounds in the carboxylic layer of the membrane. This 
reduces the current efficiency. Therefore, a maximum sulfate level of 8 gpl Na 2 S 04 in 
the feed brine is recommended. The sulfate concentration can accumulate to this level 
unless it is controlled by purging or by some removal process. Section 7.5.7 discusses 
a number of candidate processes. 


13.10.5.IF. Effects of Organics. Some organic compounds have serious detrimental 
effects on anode voltage and service life. They can directly increase the rate of wear of 
the anode coating or blanket the coating and reduce its activity. The same effects can 
occur as a result of foaming caused by the organics. 

Examples of possible sources are: 

• lubricating oils and greases 

• hydraulic fluids 

• solvents used in maintenance work 

• paint 

• certain anticaking agents 

• brine makeup water 

• plant wash water 

• certain flocculating agents 

• salt 

• airborne material 

• groundwater 

• sealants and adhesives 

Commissioning engineers, in particular, will be wary of organics, particularly if there is 
no analytical history or experience at the plant site. 

Not all organics are harmful. For example, humic acids found in lake water and 
often used for brinemaking may produce some foam, but they are usually tolerated and 
do not appear to affect anode coatings. Similarly, short-chain volatile species are unlikely 
to have a serious effect on electrolyzer operation. Long-chain hydrocarbons, on the other 
hand, may cause serious damage. 


13.10.5. IG. Effects of Barium. Barium sometimes is present in the salt in high enough 
concentration to be of concern. It is also used in some plants to precipitate sulfate ion from 
the brine. In the latter case, it must be used with care in order not to become a problem 
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in its own right. If the solubility product of BaS 04 is exceeded, it will precipitate and 
scale the anode surface. The result is an essentially irreversible large increase in voltage. 

The interaction of barium with iodine was mentioned in Sections 7,5,8.9 and 
13.10.5.1C. 

13.10.5.1H. Effects of Nickel. Nickel in the feed brine may deposit on the anode face 
of the membrane and raise the cell voltage. The sensitivity of the various membranes 
varies significantly in respect of nickel. Nickel is not normally present in salt, but it 
arises in the brine as a corrosion product. Its presence is likely in integrated plants that 
rely on diaphragm-cell evaporator salt or conversions of diaphragm-cell plants that use 
the existing evaporators to concentrate depleted membrane-cell brine. 


13.10.5.11. Effects of Iron and Heavy Metals. Iron and heavy metals have several objec¬ 
tionable effects. Manganese, lead, and iron will poison anode coatings and raise their 
overvoltage. Mercury and lead can pass through the membrane and poison the cathode 
coating, raising the overvoltage on that side of the cell. Mercury contamination usually 
is the result of a plant conversion. It can be prevented by disposal of heavily contamin¬ 
ated equipment and proper cleaning of the brine system [19], Another cause of mercury 
contamination is the partial conversion or expansion that uses a common brine circuit. 
Some means of continuous removal of mercury may be required in this case. 

Depending on the pH of the anolyte, iron precipitates on or close to the anode 
surface of the membrane. Under acidic conditions, it penetrates into the membrane and 
contributes to a rising voltage. Iron from anticaking agents has a tendency to accumulate 
in the anode compartment and form a brown deposit at the anode/membrane interface. 
Suitable means of analysis to achieve the sensitivity required are not usually deployed in 
a chlorine plant, and it is then necessary to make use of a specially equipped analytical 
laboratory. 


13.10.5. IJ. Effects of Ammonia. Many nitrogen compounds, especially ammonia and 
its derivatives, are converted to nitrogen trichloride in the cells. The entry of this highly 
explosive compound into the chlorine gas is the chief concern with nitrogen compounds, 
not their effects on cell performance. Section 9.1.11.2 gives a lengthy discussion of the 
formation of nitrogen trichloride and the management of this hazard. 


13,10.52. Effects of Impurities in Caustic. Iron in the catholyte will plate out onto the 
cathode surface, and so its concentration must be kept at a low level. If the cathodes 
are coated, the iron deposit poisons the surface and raises the overvoltage and in turn 
the electrolyzer voltage. The concentration of iron is best limited by avoiding ferrous 
metal components in the catholyte system, using water that meets the specification of 
Table 13.3 to dilute the circulating caustic, and ensuring that any caustic used to fill the 
caustic circuit or make up the concentration during shutdowns is free of contamination. 

Mercury also acts as a poison for precious metal-coated cathodes. If present in 
a brine circuit as a result of conversion from mercury to membrane technology, it would 
pass through the membranes and contaminate the cathodes. For this reason, a brine circuit 



PLANT COMMISSIONING AND OPERATION 


1281 


TABLE 13.4. Impurity 
Limits in Cell Caustic 


Metal 

Normal 

Startup 

Iron 

0.7 

1.0 

Mercury 

0,1 

0.7 

Lead 

0.05 

0.1 


All data are ppm in solution. 


needs to be thoroughly cleaned up during the conversion phase, or a mercury-removal 
resin must be employed. 

Similarly, lead is a poison that will plate out on the cathode and so should be 
absent from the brine and the caustic. Table 13.4 gives typical recommended limits for 
metallic impurities. The water used to dilute the catholyte should meet the specification 
of Table 13.3. 


13,10,53, Impurities in Chlorine Gas 

13.10.5.3A. Hydrogen in Chlorine. The contamination of chlorine with hydrogen is 
the most common cause of explosions in chlorine plants. Membrane-cell plants are 
no exception to this statement. One feature of newer membrane cell designs—the com¬ 
plete flooding of the liquor chambers—reduces this hazard, but cross-contamination still 
occurs as a result of membrane damage. Such damage can take the form of “pinholes” 
or splits. Pinholes can result from 

• abrasion from a membrane rubbing against a rough electrode surface as a result 
of instability of the pressure differential; 

• puncture from a sharp electrode structure pressing against the membrane; 

• blistering and degradation of the polymer resulting from incorrect operating con¬ 
ditions (typically occurs locally at the top of the membrane in the gas space of 
some electrolyzers). 

Splitting of membranes usually is associated with tensile failure as a consequence of 
shrinkage caused by drying during off-load periods. The authors’ experience is that 
splits occur in service because of physical damage such as that caused by a cutting knife 
during handling of the membrane. The cut or score opens under the stress caused by 
shrinkage when the membrane is exposed to process fluids. 

Hydrogen in chlorine is normally about 0.02% with new membranes. This results 
from the normal diffusion of hydrogen. A detectable rise in the hydrogen concentra¬ 
tion usually indicates some form of membrane damage and so should be carefully 
monitored. Monitoring is not normally applied on an individual cell basis, but all elec¬ 
trolyzers or packs should be provided with sample points. The technology supplier’s 
advice as to the level at which action is to be taken should be followed. Investigation 
of levels exceeding 0.1% may be advised with a view to repair all electrolyzers. The 
impact of high hydrogen levels on individual electrolyzers on the overall cell room level 
must be considered, as this has an impact on liquefaction control. Cell room levels 
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above about 0.2% hydrogen will be expected to affect liquefaction efficiency and pos¬ 
sibly result in hazardous concentrations in the tail gas if proper action is not taken 
(Section 9.1.7,2). 

Monitoring routines should be set up to ensure that elevated levels of hydrogen 
in chlorine are detected in a timely manner to avoid the accumulation of explosive 
concentrations in the chlorine processing system. The monitoring points and frequencies 
for individual electrolyzers will be determined by the configuration of the cell room. The 
important actions are to detect significant rises in individual electrolyzers and to take 
timely corrective action. It is normal to use a gas chromatograph for this purpose in 
order to obtain the sensitivity required. In normal operation of a cell room with multiple 
electrolyzers connected to a common header, each such header should be checked at 
least every 8 hr. Any detectable rise should be traced to its source for appropriate action. 
Individual electrolyzers may be checked daily. In a plant with chlorine liquefaction, 
deployment of an on-line analyzer for hydrogen in chlorine on the liquefaction tail gas 
provides an additional and rapid indication of any change in the cell room. 


13.10.5.3B. Oxygen in Chlorine. Oxygen in chlorine is a by-product arising from the 
inefficiency of the membrane that allows back-migration of hydroxyl ions into the anode 
compartment. These ions react with chlorine to form hypochlorous acid that is oxidized 
at the anode to form oxygen and chlorate. The relative amounts of these two by-products 
depend on the anode coating composition. In a cell operating with a good efficiency 
of 96%, the oxygen content of the chlorine will be in the range 1-2% (dry basis) with 
brine fed at pH 3-10. Excess alkalinity in the feed brine also contributes to by-product 
formation. Addition of HCl to the brine neutralizes hydroxyl ions, reduces the oxygen 
content of the chlorine gas, and improves the anode current efficiency. 

Within certain limits, the desired oxygen content in the chlorine influences the 
choice of feed brine pH. These limits in turn depend on the type of membrane being 
used. The profile of pH within the membrane is such that in normal circumstances 
the membrane environment is alkaline. If the membrane is subjected to acidic condi¬ 
tions, protonation occurs. As a result, the membrane ceases to conduct and the voltage 
rises rapidly. The damage is irreversible but can be contained if detected quickly. 
Therefore, the membrane manufacturers recommend a minimum anolyte pH of 2. 
This is low enough in most circumstances to allow control of oxygen levels in the 
region of 0.5-1.0%. Data presented in Section 7.5.6.1 show that the feed pH may 
be less than one, particularly if the membrane current efficiency is low. In a well- 
mixed anode compartment, the acidic brine mixes with the bulk electrolyte so that 
the membrane does not see very low values of pH. The rate of mixing becomes more 
important as the acidity of the feed brine increases. The amount of acid required to 
achieve low oxygen levels also depends upon the electrode geometry and the type of 
coating used. 

As performance deteriorates, the acid addition rate must increase to maintain the 
current efficiency. The exit pH should remain substantially constant and can be monitored 
continuously to be sure that the lower limit is not exceeded. It is not practical to adjust 
and monitor the pH for every membrane. Some safety margin therefore is necessary to 
allow for the variability within groups of membranes. 
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It is preferable to operate a preliminary pH control stage after ion exchange. 
Controlling this stage to pH 3 neutralizes any carbonate residual from primary brine 
treatment. Deep acidification (pH < 2) is best practiced by aiding acid to feed brine on 
an individual electrolyzer basis. Flow ratio control may be used. 

Although there may be some latitude in operation, as the membrane surface will 
remain alkaline because of the hydroxyl ion flux, the situation becomes more crit¬ 
ical when hydroxide ion transfer stops at shutdown. Acid addition must then stop 
immediately. Additional protection may be obtained from monitoring voltage rise on 
electrolyzers. The rise caused by overacidification will be rapid, but rapid action to stop 
acid addition may obviate damage. 


13.10,6. Cell Operating Conditions 

13.10.6.1. Current Density. Design current density depends on electrolyzer design cap¬ 
ability and the optimization of capital, operating, and maintenance costs. Currently, 
electrolyzer technologies permit operation in the range of 4.5-6.5 kA m“^. This range is 
compatible with the capabilities of modem membranes in well-designed electrolyzers. 
This range will continue to shift upward as operating experience with new electrolyzer 
designs increases and as further design improvements become available. 

In regions with relatively high power cost, operation at lower current densities 
is favored. Where power costs are low, operation at higher current densities, say 
5.5 kA m“^, is economic. Design output usually is based upon a design current density 
and a starting caustic current efficiency of 95-96%. Some allowance is normally made 
for loss of current efficiency during the membranes’ lifetime, and a higher operating 
current may be required. In multi-electrolyzer cell rooms, some capability may also be 
provided to maintain design output during maintenance of an electrolyzer. 

Operating flexibility down to a minimum load of 1.5 kA m“^ is normally available. 
However, contamination of the caustic product by chloride ion migration across the 
membrane increases rapidly below 2 kA m“^. The lower operating limit may be governed 
by this consideration, especially in KOH production. 


13.10.6.2. Caustic Soda Concentration. Membranes are optimized during manufacture 
for operation within a specified range of caustic soda concentration. Excursions outside 
this region will change the equilibrium water and hydroxyl ion migration rates, and 
irreversible damage in the form of swelling or blistering may result. 

Membranes will chemically degrade by decarboxylation if subjected to high tem¬ 
perature. This effect is reinforced at higher caustic concentrations, and membrane life 
can be reduced significantly by prolonged operation above 35% NaOH. 

Membrane current efficiency improves as the NaOH concentration increases above 
30% and is still high at 35%. However, laboratory tests show that the electrical conduct¬ 
ivity of membranes decreases with increasing caustic concentration. This in turn leads 
to increases in voltage and internal temperature of the membrane due to ohmic heating. 


13.10.6.3. Brine Concentration. The design basis for the brine concentration in a mem¬ 
brane cell is chosen according to the characteristics of the membrane to give satisfactory 
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Current Density (kA/m^) 


FIGURE 13.9. Electrolyzer feed rates and temperatures. 


long-term performance. The exit brine concentration should be maintained in the vicin¬ 
ity of 200 gpl both to achieve satisfactory salt utilization and to protect the membranes 
against physical damage and loss of current efficiency. This target concentration allows 
for the variation that may occur between electrolyzers or individual cells. Low concentra¬ 
tions carry the serious risk of irreversible physical damage. A lower limit of 170 gpl may 
be specified. As the brine concentration decreases, osmotic water transport increases. 
The increased water flow is carried easily by the sulfonic anolyte layer but less readily by 
the carboxylic catholyte layer. Membranes form blisters, or in the extreme, delaminate 
completely, as a result of the internal buildup of osmotic pressure between layers. The 
effect of brine depletion on current efficiency is not great unless the exit concentration 
actually drops below 170 gpl. 

13.10.6.4. Electrolyzer Feed Rates and Temperatures. Calculated brine and caustic feed 
rates for a 100-m^ electrolyzer over the range of operating current density 2-6 kA m”^ 
are shown in Fig. 13.9. The data are based on the following typical operating conditions: 


Electrolyzer exit temperature 87° C 

Brine feed concentration 300 gpl 

Brine exit concentration 210 gpl 

Product NaOH concentration 32.0% 


The electrolyte feed temperatures corresponding to expected voltages in early membrane 
life also are shown in Fig. 13.9. The circulation rates and feed temperatures on the two 
sides of the membrane are shown as equal. In practice, the caustic circulation rate may 
be increased to improve cooling of the caustic. The feed temperatures also may differ 
from each other but should remain within about 10°C in order to maintain good control 
and reduce thermal shock on the membranes. The exact figures, of course, depend on 
electrode design and the condition of the membranes and electrodes. 

The rate of demineralized water addition to the caustic circuit varies with load as 
shown in Fig. 13.10. Note that most of the water required by the cathode reaction together 
with that lost by evaporation and that required for dilution of the product passes through 
the membranes by electro-osmosis. The balance to be added to the circulating caustic is 
critical to concentration control. Calculated rates may be used for planning and startup, 
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FIGURE 13.10. Water feed rate as a function of current density. 


but they must be checked and verified during commissioning. As the membranes age, 
minor adjustments from established rates may be necessary to maintain concentration 
based on analysis. 

Note that the relationships in Figs 13.9 and 13.10 are approximately linear over 
the normal operating current density range of the electrolyzers. This makes the job of 
modeling the behavior of the electrolyzers easier. 


13,10.6.5. Operating Temperatures. To minimize voltage losses due to the resistivities 
of the membrane and the liquors present in a cell, it is normal practice to operate at 
as high a temperature as practicable. Higher temperatures bring lower voltage drops. 
As the temperature increases, however, the amount of water vapor and therefore the 
volume of saturated gas produced, increase rapidly. In addition, the stability of the mem¬ 
brane decreases, and decarboxylation becomes more likely. There are no net advantages 
to be gained by operating above 90°C. On the other hand, the lower operating tem¬ 
perature limit for most membranes is 75°C, This is set in order to avoid localized 
internal overheating due to the higher electrical resistances, which can cause blistering of 
membranes. 

The normal range of acceptable operating temperature is 80-90°C. In a new cell 
room with new membranes of similar performance, it is possible to maintain temperat¬ 
ures on individual cells and electrolyzers within a tight band, and a typical target exit 
temperature would be 87^C. In an established cell room, the acceptable range provides 
adequate flexibility to accommodate membranes of different ages with different voltage 
performance. 

Actual feed temperatures vary inversely with the operating load. They also will 
become lower as electrodes and membranes age and energy consumption increases. 
Typical feed temperatures on modem electrolyzers, depending on operating load, will 
vary from 75 to 85®C at the beginning of their life. End-of-life conditions may require 
feed temperatures down to about 65°C. 

The circulating caustic provides the all-important temperature control for the elec¬ 
trolyzers. The flow rate will vary from 1-1.6 times the brine feed rate, according to 
design. At low loads, it is necessary to heat the caustic in order to overcome thermal and 
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evaporative heat losses that outweigh the heat generated by electrical resistances and 
overpotentials. At higher loads (typically above 2-3 kA m“^), cooling is necessary. 


13.11. ROUTINE MONITORING AND ANALYSIS 

The effective monitoring of process parameters and analysis of key process streams are 
essential to ensure process safety and maintain efficient operation with low operating 
and maintenance costs. The responsibility for carrying out analytical routines normally 
is divided between process operators and laboratory technicians. Most plants will also 
have a number of on-line analyzers monitoring critical parameters. Laboratory analyses 
to check these analyzer readings should be part of the routine. The wide use of dis¬ 
tributed control systems with their extensive capability for recording and trending data 
has reduced the need for operator logsheets to some extent. All manually obtained pro¬ 
cess, analytical, and voltage data for the plant should be recorded on suitably prepared 
logsheets or entered into a database and retained for future reference. 

It is important that responsibility for action based upon the data collected is also 
correctly apportioned. It will be the responsibility of the shift supervisor to take urgent 
decisions affecting safety and operational issues. Plant technical management should 
carefully review performance and trends and take advantage of the support provided by 
technology suppliers. The latter can review data and advise on actions to ensure optimum 
performance in the electrolyzer area. They may also provide data handling packages to 
facilitate this service. 

This section outlines a typical monitoring regime, which is intended to ensure safe, 
efficient, and reliable operation of the cell room and associated systems. It includes a list 
of on-line analyzers that may be used, a suggestion for recording of operating parameters, 
and a consideration of the division of the analytical program between plant operators 
and analytical personnel. 


13 ALL Recording of Operating Parameters 

Key operating parameters should be checked and logged at least every 4 hr. Data logging 
may be automatic, but there should also be a system that ensures that operators have 
checked at least the on-line analyzer outputs and the key parameters listed below: 

Circuit voltage(s) 

Circuit current(s) 

Cell room feed brine temperature 
Cell room feed brine flow rate 
Cell room feed caustic temperature 
Cell room feed caustic flow rate 
Electrolyzer feed brine temperatures 
Electrolyzer feed brine flow rates 
Cell room depleted brine temperature 
Electrolyzer depleted brine temperatures 
Electrolyzer feed caustic temperatures 
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Electrolyzer feed caustic flow rates 
Caustic dilution water feed rate(s) 

Cell room acid addition rate 
Electrolyzer acid addition rates 
Caustic export flow rate 
Cell room outlet caustic temperature 
Electrolyzer outlet caustic temperatures 
Chlorine header pressure 
Hydrogen header pressure 
Differential pressure between gas headers 


13.11.2. Analytical Program 

13.11.2.1. On-Line Analyzers. The cell room and associated areas might use on-line 
analyzers in the following applications: 

Cell room feed brine concentration 

Cell room feed brine total hardness (Ca -h Mg) 

Cell room exit brine concentration 
Cell room caustic concentration 
Product caustic concentration 
Demineralized water conductivity 
Electrolyzer exit brine pH 
Cell room exit brine pH 
Dechlorinated brine pH 
Dechlorinated brine free chlorine 

Dechlorinated brine excess reducing agent concentration (redox potential) 

Oxygen in hydrogen 
Oxygen in chlorine 
Moisture in dry chlorine 
Chlorine tail gas composition 


13.11.2.2. Operator Analyses. The operator analysis schedule (Table 13.5) will depend 
to some extent upon the cell room configuration, the use of feed brine acidification, and 
the amount of analytical equipment provided. If the last item is limited, manual analysis 
will form a primary basis of control. If on-line instrumentation (e.g., density meters) is 
provided, operator analyses serve as checks on the correct functioning of the instruments. 
The analyses and frequencies given in the table are typical for a multi-electrolyzer bipolar 
cell room. The plant operators will also carry out routine analyses for process control 
purposes in other areas, as given in Table 13.6. 


13.11.2.3. Laboratory Analyses 

13.11.2.3A. Brine and Catholyte Quality. The performance of the membranes and the 
electrolyzer depend strongly on the quality and concentration of the liquors fed to the 
electrolyzer. Conformity with recommended limits set by the membrane and technology 
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TABLE 13.5, Frequency of Analyses by Operator 
(Cell Room) 


Stream 

Analysis 

Period 

Cell room feed brine 

gpl NaCl or KCl 

4hr 

Cell room feed brine 

ppm Ca, Mg 

4hr 

Electrolyzer feed brine 

pH/acid concentration 

8hr 

Cell room exit brine 

gpl NaCl or KCl 

4hr 

Electrolyzer exit brine 

gpl NaCl or KCl 

Daily 

Electrolyzer exit brine 

pH 

8hr 

Cell room exit caustic 

%NaOH or KOH 

4hr 

Electrolyzer exit caustic 

%NaOH or KOH 

Daily 

Cell room chlorine gas 

%02, H2 

8hr 

Electrolyzer chlorine gas 

%02, H 2 

Daily 


TABLE 13.6. Frequency of Analyses by Operator (Outside Area) 


Stream 

Analysis 

Period 

Drying tower acid 

%H 2 S 04 

8hr 

Absorption tower liquor^ 

%NaOH 

8hr 

Absorption tower liquor^ 

%NaOCl 

8hr 

Liquefaction tail gas 

%H2 

4hr 

Reagent chemicals 

(e.g.: reducing agent; carbonate; barium salt; HCl; caustic) 

Assay 

8hr 


Note: 

Also after absorption tower event. 


suppliers is therefore important. These suppliers will require proof that specifications 
are being met as part of their performance warranties. A comprehensive program of 
analytical measurements is therefore required. 

The frequency of analysis recommended takes into account the potential loss of 
performance that may occur if a given component is out of specification at a typical level 
for a certain period of time. The analyses listed in Table 13.7 should be carried out with 
minimum frequencies as indicated. When an analytical history is available and results 
are good, many of the “weekly” items in the table can become monthly analyses. 


13.11.2.3B. Product Quality. The analytical program of Table 13.7 should be extended 
to cover the products of the plant. Table 13.8 gives minimum requirements. Product 
quality control to meet customer requirements will dictate the actual analytical workload 
and frequencies. 


13,11.3. Current Efficiency Determination 

Section 4.4,3 discusses this subject exhaustively. There are many ways to calculate or 
approximate the current efficiency of a cell or an entire cell room. The methods vary but 
in principle involve determination of the amount of byproducts such as hypochlorous 
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TABLE 13.7. Recommended Frequencies of 
Laboratory Analyses 


Process Stream 

Analysis 

Frequency 

Cell room feed brine 

NaCl or KCl 

Daily 


Calcium 

Daily 


Magnesium 

Daily 


Sulfate 

Daily 


Strontium 

Weekly 


Barium 

Weekly 


Aluminum 

Weekly 


Soluble silica 

Weekly 


Iron 

Weekly 


Mercury 

Weekly 


Total iodine 

Weekly 


Nickel 

Weekly 


Manganese 

Weekly 


Lead 

Weekly 

Exit brine 

NaCl or KCl 

Daily 


Hypochlorite 

Daily 


Chlorate 

Daily 


Ruoride 

Weekly 

Feed caustic 

Iron 

Weekly 


Mercury 

Weekly 


Lead 

Weekly 

Exit caustic 

NaOH or KOH 

Daily 


NaCl or KCl 

Daily 

Demineralized water 

Conductivity 

Daily 


TABLE 13.8. 

Recommended Product 
Analyses 

Stream 

Analysis 

Frequency 

Product caustic 

%NaOH or KOH 

Daily 


ppm NaCl or KCl 

Daily 

Chlorine 

ppm moisture 

Weekly 


ppm NCI 3 

Weekly 

Hypochlorite 

NaOCl 

Daily 

Hydrochloric acid 

%HC1 

Daily 


Free chlorine 

Daily 


acid, chlorate, and oxygen formed, with appropriate allowances for the effects of feed 
brine acidity or alkalinity and recycle of chlorate. Simultaneous samples of feed brine, 
exit brine, and chlorine gas are required. 

Cell room current efficiency should be determined at least twice a week. In a 
bipolar cell room with a relatively small number of electrolyzers, individual electrolyzer 
efficiencies should be measured weekly. If individual sample connections are available, 
the current efficiency of a single cell can be determined. 
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In a monopolar cell room with a large number of electrolyzers, monthly analysis 
is usually satisfactory. The current efficiency of a newly installed electrolyzer should be 
determined soon after its startup. 

Section 13.9 on plant performance testing discussed measurement of the caustic 
current efficiency by collecting the product of the entire cell room and determining the 
amount of caustic produced in a measured period of time. This is time-consuming and 
requires special equipment or the dedication of a tank from which no product is withdrawn 
during the test period. It is well suited to startup periods, however, and frequently it is 
the basis for performance guarantee runs. 


13,11.4. Voltage Monitoring 

Electrolyzer and individual cell voltages provide valuable information on the condition 
and performance of the plant and provide early indications of things going wrong. Total 
electrolyzer voltage will always be continuously monitored and recorded, together with 
the operating current, and will normally initiate a rectifier trip if the value exceeds a 
specified limit. The high voltage usually indicates an operating problem, for example, 
loss of liquor flow. On bipolar electrolyzers, it is important to monitor individual cell 
voltages. The minimum requirement for safety is to monitor and compare voltages across 
the cells in two halves of an electrolyzer using a Wheatstone bridge circuit. This is set 
up to trip the rectifiers in the event of an imbalance exceeding 1 or 2 V, which may occur 
as a consequence of loss of brine or caustic feed to an individual cell. 

An on-line computer-based system to monitor, record, and trend individual cell 
voltages is strongly recommended. This system may also provide a rectifier trip function 
if any of the voltages is too high. If there is no on-line system, individual voltages 
should be measured periodically. Good practice would be to make such measurements 
on a routine daily basis. More frequent measurements during polarization and startup to 
check for membrane pinholes are valuable. Voltage trends also should be monitored and 
compared. The cause of any sudden increase should be determined. 

Normalization of cell voltage data to a standard operating load is valuable when the 
operating current varies (Section 13.10.2). 


13.12. DECOMMISSIONING OF MERCURY-CELL PLANTS 

Mercury-cell production of chlorine and alkalis is gradually being phased out. There has 
been substantial progress in the reduction of mercury emissions of all kinds, but these 
have served to delay rather than prevent the abandonment of the technology. During the 
5 years ending in 2(X)1, the combined mercury-cell capacity of Euro Chlor producers 
dropped from about 64% of the total to 54% [20]. Measured emissions of mercury were 
1.25 g t~^ chlorine. This includes mercury released to the air, to water, and in products. 
This number represents a 74% drop in 10 years. The trend has continued, and less than 
half of European production is now in mercury cells [21]. 

The occasion for decommissioning a mercury-cell plant may be the abandonment 
of production or a decision to convert to membrane-cell technology. In either case, 
decisions also are required on the reuse of buildings, material, and equipment. In a total 
shutdown of a facility, site remediation will also be important. 
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The first major operation is removal of mercury from the cell room. Nearly all of 
this is recovered by draining the cells and amalgam pumping systems. The flasks that 
contained the mercury when first delivered are convenient receptacles. Residual liquid 
mercury and that adsorbed on surfaces can be recovered by washing with an alkaline 
peroxide solution. This solution ultimately must itself be treated to isolate mercury in 
a more condensed form. The same is true of other cleaning solutions and of water used 
for decontamination. Therefore, the aqueous treatment plant should be ready to operate 
at the start of decommissioning and must continue to operate beyond its completion. 

Euro Chlor [22] has published methods for decontamination of the various compon¬ 
ents of a mercury-cell plant. The discussion here is based on that publication. Table 13.9, 
taken from Appendix 3 of the reference document, is a brief summary. Discussion of the 
methods referred to in the last column follows the table. 

After removal of all equipment, piping, and other contaminated materials, the walls 
and the ceiling of the building itself can be washed with high-pressure water. All water 
and treating solutions used during the decontamination process must be held and then 
treated before release. Water used in simple washing of surfaces can in many cases be 
recycled to reduce the volume of effluent. 


TABLE 13.9. Mercury-Cell Plant Decontamination Techniques 


Material 

Typical Hg content, % 

Physical state 

Method 

Steel scrap 

Decomposers 

Baffles 

H 2 coolers 

Base plates 

Mercury pumps 

Pipework 

0 .001-1 

Non-homogeneous contamination 

1 

Rubber-lined components 

Anode covers 

End boxes 

Side channels 

Pipework 

Variable 

Non-homogeneous contamination 

2 

Graphite from decomposers 

2 

Porous solid 

3 

Carbon from caustic filters 

Up to 40 

Dry solid 

3 

Charcoal from hydrogen purification 

10-20 

Dry solid 

3 

Sludge from tanks and sumps 

10-30 

Wet solids 

4 

Sludges from drains, catch pits, etc. 

2-80 

Wet solids 

4 

Rubber/packing 

Variable 

Variable 

5 

Plastic equipment 

<0.1 

Solid 

5 

Brick work/concrete 

0 .01-0.1 

Variable 

6 

Retort residues 

Miscellaneous 

<0.1-1 

Dry porous solid 

7 

Conductors 

0.04 

Surface contamination 

1 

Floor boards 

0.05-0.08 


5 

Asphalt 

1-20 


6 

Decomposer insulation 

0.03 


5 

Concrete and subfloor 

Variable 1 


6 

Wood 

Soil 

Variable 

Variable J 

Non-homogeneous contamination 



With permission of Euro Chlor. 
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Methods of decontamination (Table 13.9): 

1. Surface mercury usually is in the metallic form. Simple washing of the surface 

can be very effective. High-pressure water can remove mercury quickly; splash 
containment is necessary. Steel and rubber-lined pipework can be retorted or 
cleaned with HCI/CI 2 or Na0H/H202. These solutions oxidize the metal to 
the soluble Heavily contaminated steel will sweat mercury. Lott [19] 

points out that broken concrete from a cell room floor also can sweat mercury 
if allowed to stand overnight. Components should be stored with this in mind. 
Liquid droplets can be collected. The storage area should be ventilated because 
of evaporation of the mercury. Buswork and copper fabrications are protected by 
surface films and usually are not seriously contaminated with mercury. Surface 
washing is good practice before recycle. Copper braid or flexible strips can be 
more heavily contaminated and require treatment in a mercury distillation oven. 

2. The lining must be removed from the metal after washing. This can be done by 
cryogenic shock in liquid nitrogen or by compressing the parts in a steel press 
and cutting them into small pieces. The steel, separated from the rubber by a 
magnet, is washed. The rubber is treated as chemical waste. 

3. Graphite and carbon can be washed, the mercury immobilized, and the 
decontaminated material sent to landfill. Other methods are washing with 
chlorinated brine and distillation in a mercury furnace (not an option with 
iodine-impregnated carbon). 

4. Material rich in mercury can be retorted. Post-treatment may include immobil¬ 
ization of the mercury and disposal in a landfill. 

5. Plastics can be disposed of by standard methods after washing with water or an 
oxidizing solution. Reinforced plastics and thermoplastics such as PVC, PP, and 
the like can be washed by high-pressure water jet, with sufficient containment 
to prevent the spread of metallic mercury. The effectiveness of washing other 
materials in baths improves with the addition of detergent or acid plus free 
chlorine. 

6. Construction materials can be washed on vibrating screens or cleaned 
ultrasonically. 

7. Residues usually contain less than 100 ppm mercury. Their disposal depends on 
local regulations. Sulfur-containing materials, such as carbon and HgS sludge, 
can be retorted successfully by adding quicklime. 

Final disposal of all materials will be governed by local regulations. The project team 
should identify the quantities and types of materials for disposal, set the minimum 
requirements for a landfill site, and consult with authorities before decommissioning 
begins. 

A typical landfill will have an impermeable plastic liner and a thick clay barrier. 
The site must be monitored for leakage and emissions. Monitoring should be intensive 
during the disposal process. With continuing good results, it can later be reduced to a 
normal program, but it must continue even after the landfill is sealed. 

Salt caverns can be good sites for disposal of certain wastes, but there often is 
resistance to their use for toxic materials and, as Section 7.2.2.4 points out, this is not a 
frequent practice. 
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Between decontamination of removed material and its disposal are transportation 
and storage. A storage area should be diked and drained to contain mercury-contaminated 
spillage. Indoor facilities should be ventilated. Watertight bags and sheets are good for 
small parts and local storage. There are also leakproof skips that are transportable by 
forklift trucks. Containers can be color coded to help identification and prevent the need 
for opening bags to identify their contents. Labels also are useful, and they usually are 
mandatory for off-site storage. Local authorities and landfill operators may have their 
own requirements for labeling. 

Handling and transport of larger objects may be simplified by cutting them into 
smaller pieces. Cutting operations require all the usual safety precautions as well as 
protective gear to shield the workers from exposure to mercury. Cold-cutting operations 
are preferred, because they vaporize less mercury. 

Reuse of existing facilities requires removal of contained mercury but not dismant¬ 
ling and detoxification of the debris. Demercurization of brine treatment systems, for 
example, is straightforward and sometimes quite easy to apply. This is particularly so 
when the brine recycle system has been operated with a low level of dissolved chlorine to 
prevent mercury precipitation. Lott [19] reports that such a system was drained, washed 
with dilute acid to remove deposits and then with dilute hypochlorite solution to solu¬ 
bilize mercury, and finally flushed with hot water. The residual mercury concentration 
was well within the specification for the new membrane cells. 

Technology conversions are also opportunities to remove the hazard of mercury- 
contaminated soil. Generally, there are two types of contamination, uncombined metallic 
mercury and mercury compounds bound to the clay particles that comprise the soil [23]. 
Low-level nonmetallic contamination that is known not to be leachable can be taken 
to a secure lined (preferably double-lined) landfill. Soil contaminated with elemental 
mercury will require treatment. The first task is mechanical separation of the mercury 
from the soil burden. Section 16.5.5.1 gives a brief description of the operation of one 
such unit. 
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14.1. INTRODUCTION 

Corrosion is a multibillion dollar worldwide problem. In the United States, corrosion 
is estimated [1] to occur at a rate of 14,000 kg min“^ costing about $200 billion per 
year. Incidents from corrosion may force shutdowns of chemical plants, the associated 
penalties in serious situations being financial loss, loss of human life, and damage to 
the environment. It is for these reasons that all chemical plants emphasize safety and 
implement safe operations by training plant personnel. Safety management extends into 
ensuring proper selection of materials of construction, quality control during manu¬ 
facturing, fabrication, and construction, and routine maintenance during normal plant 
operations. 

Chemical plants are designed and constructed with a variety of metals, alloys, 
and nonmetallic materials such as plastics. The nature and mechanism of degradation 
of these materials differ. Corrosion of metals and alloys in aqueous media occurs by 
electrochemical mechanisms, whereas the degradation of a plastic is by the penetration 
of chemicals into its matrix. Nevertheless, the term corrosion is used liberally to describe 
the oxidation of metals in aqueous solutions or gas phases and the deterioration of plastics 
by chemical attack. 

Corrosion of metals is defined as their spontaneous deterioration by chemical inter¬ 
action with the surrounding environment. It is a two-component system involving the 
interaction of the metal or alloy with a medium or environment. In the absence of an 
environment (e.g., vacuum), corrosion will not occur. Most corrosion reactions are elec¬ 
trochemical in nature, and for electrochemical corrosion to occur, a cell consisting of an 
anode, a cathode, an electrolyte, and a pathway for electron flow between the anode and 
the cathode is needed. 

Corrosion is classified, according to the medium that the metal or alloy is exposed 
to (Table 14.1), as wet and dry corrosion. Corrosion of metals immersed in an aqueous 
medium is an example of wet corrosion, which proceeds electrochemically. Atmospheric 
corrosion also belongs to the class of wet corrosion, since it is caused by moisture 
deposited on the metal surface. Another division of wet corrosion is the degradation of 
metals and alloys in nonaqueous media by chemical pathways. 
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TABLE 14.1. Corrosion of Metals and Alloys 


Wet corrosion 

_^_ 


Dry corrosion 

1 


1 ^ 

Aqueous Atmospheric 

corrosion corrosion 

(Electrochemical) 

1 

Non-aqueous 

corrosion 

(Chemical) 

1 

Oxidation 

1 

Molten-salt 

corrosion 

1 

Hydrogen 

attack 


TABLE 14.2. Forms of Metallic Corrosion 


I Uniform corrosion | | Localized corrosion 


I Microscopic _ 

Example: 

• Stress corrosion 
cracking of austenitic 
stainless steel in Cl" 
containing solution. 

• Intergranular 

• Leaching 


I Macroscopic 

Example: Example: 

• Fe in aqueous HCl • Galvanic (Fe/Zn) 

• Erosion 

• Crevice 

• Pitting 

• Exfoliation 


Dry corrosion is classified into three types: oxidation, molten-salt corrosion, and 
hydrogen attack. High temperature oxidation, sulfidation, nitriding, carburization, halide 
attack, and others belong to the class of oxidation. The oxidation of metals and alloys 
in melts containing vanadium salts or oxides is an example of molten salt corrosion 
of metals, and proceeds electrochemically. Liquid-metal corrosion of iron and steel in 
mercury is a chemical process. Embrittlement of metals such as titanium by hydrogen 
ingress comes under the category of hydrogen attack. 

Corrosion is a complex phenomenon and is classified by its appearance and uni¬ 
formity or nonuniformity, which may be microscopic or macroscopic (Table 14.2). 
The nature of the corrodant can also be used to classify corrosion [2,3]. Most of the 
observed corrosion occurs as one or more of the following cases: (1) uniform or general 
attack, (2) galvanic or two-metal corrosion, (3) crevice corrosion, (4) pitting corrosion, 
(5) intergranular corrosion, (6) selective leaching or dealloying, (7) erosion corrosion, 
and (8) stress corrosion cracking (SCC). 

The terms pitting, cracking, and erosion refer to the visual appearance of the cor¬ 
roded material, whereas the term crevice corrosion refers to the location of attack. 
Intergranular corrosion owes its name to the metallurgy of the material, and galvanic 
corrosion and SCC are descriptions of their failure mechanisms, while dealloying and 
fretting corrosion are named after the factors contributing to the failure. 
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Corrosion occurs not only as a result of chemical attack, but also because of 
mechanical stresses. Table 14.3 depicts the various forms of degradation due to 
mechanical factors [4]. 

It is important to identify the types and frequency of failures in order to address the 
corrosion problems in an industrial setting, as many factors can contribute to the “big 
failure.” Such an analysis was carried out at DuPont [5] to understand the piping and 
equipment failures during the period 1968-1971. The results, summarized in Table 14.4, 
showed that corrosion accounted for 55% of the total 685 failures, the remaining 45% 
being a result of mechanical problems. General corrosion contributed to 15.2% of the 
failures and the top five localized corrosion phenomena accounted for 32.9% of the 
failures. Therefore, the first task of corrosion engineering should be to survey and analyze 
the problems to optimize the investment against the expenses involved in the operation 
and maintenance of a chemical plant. 

14.2. ORIGIN OF CORROSION 

Most metals exist in nature as oxide or sulfide ores and energy is expended in extracting 
or winning the metals from their native state. The reverse of metal winning is corrosion, 
in which the metals revert to stable compounds similar to those found in nature. For 
corrosion to occur, as with any chemical reaction, two questions arise: (1) will a metal 
corrode in a given environment? and (2) how fast? The first question is answered by 
thermodynamics; the second by kinetics [6-8]. 


74.2.7. Free Energy Considerations 

The free energy change of a corrosion system, AG, is a measure of the driving force for 
a reaction. This driving force at constant pressure is a function of A77 (enthalpy), AS 
(entropy), and T (temperature). 


AG = AH - T AS (1) 

If A 77 is negative, heat is given off by the system to the surroundings, as in the 
exothermic oxidation of iron. The dissolution of metal usually yields more random, less 
ordered products; that is, an increase in entropy is evident. An increase in temperature 
contributes to a more negative second term, hence, a more negative AG. If AG is 
negative, the reaction is favored to go spontaneously as written. If it is positive, the 
reaction will not go as written (although the reverse may). If it is zero, the system is in 
a state of equilibrium. For the metal oxidation reaction, 

X M(c) + (y/2)02(g) ^ M;,0^(c) (2) 


where M = metal, c = crystalline, and g = gas, the free energy relationship at 25®C 
and 1 atm may be written as: 


( 3 ) 
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TABLE 14.3. Chemical and Mechanical Factors in 
Corrosion [4] 


Corrosion Caused by Chemical Factors 

General corrosion 

Pitting corrosion 

Crevice corrosion 

Intergranular corrosion 

Selective leaching 

High temperature corrosion: 

Oxidation, Sulfidation, Nitriding, Carburizing, 

Molten salt corrosion, etc. 

Degradation Caused by Mechanical Factors 
Elastic deformation 
Plastic deformation 

Mechanical failure over the yield strength (overload) 

Failure at lower than the yield strength (brittle failure) 

Fatigue 

High temperature creep 

Failure Caused by Combination of Chemical and Mechanical Factors 

Fretting corrosion 

Erosion corrosion 

Cavitation damage 

Impingement attack 

Stress corrosion cracking (SCC) 

Liquid metal corrosion 
Hydrogen attack 
Corrosion fatigue 


TABLE 14.4. Failures in Metallic 
Equipment and Piping in DuPont during 
1968-1971 (Total number = 685) 


Type of failure 

Percentage 

Corrosion 

55.2 

General corrosion 

15.2 

SCC 

13.1 

Pitting 

7.9 

Intergranular corrosion 

5.6 

Erosion corrosion 

3.8 

Weld decay 

2.5 

Others 

7.1 

Mechanical failure 

44.8 

Fatigue 

14.8 

Abrasion 

5.4 

Overload 

5.4 

Poor welds 

4.4 

Thermal cracking 

3.1 

Other types of cracking 

3.5 

Others 

8.2 


Note: SCC: Stress corrosion cracking. 
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TABLE 14.5. Free Energies of Formation AGp of Some 
Metal Oxides 


Compound 

AGp,kcalmol ^ 

Compound 

AGp,kcalmol ^ 

Al 203 (Qr) 

-376.8 

ZnO 

-76.1 

Cr 203 

-259.2 

Pb02 

-52.3 

Fe304 

-242.4 

NiO 

-51.7 

Fe 203 

-177.1 

CuO 

-31.4 

MgO 

-136.1 

Ag20 

-2.6 

Sn02 

-124.2 

Au203^ 

29.1 


Note: *^0068 not form spontaneously. 


where refers to the free energy change for the corrosion (oxide formation) process, 

AGp to the free energy of formation of the products, and AG^ to the free energy of the 
formation of the reactants, AG for any element in its normal state is zero, and hence 
AG^orr — AGp of the oxide. Table 14.5 lists the AGp values for some oxides. 

These thermodynamic values predict that aluminum has a much greater tendency 
to be oxidized than the other metals. 

Another basis for thermodynamic prediction of corrosion reactions is the equation 
AG^ = —nFE^, where n is the number of electrons transferred in the reaction, F is 
Faraday’s constant (96,500 C, which is equivalent to 1 mole of electrons), and AE"^ is 
the cell potential. A positive cell potential will lead to a negative AG^, and hence the 
reaction will proceed spontaneously as written in Eq. (2). As the overall cell reaction 
proceeds, the voltage difference between the electrodes drops as the free energies of the 
products and reactants approach each other. At steady state, both electrodes have the 
same voltage and no charge transfer occurs. 

When the standard electrode potentials are listed in decreasing value as shown in 
Table 14.6, an electromotive series is created which has the hydrogen half>cell reaction 
listed at a potential of zero. These values are reduction potentials at 25°C referred to 
the standard hydrogen electrode (SHE). Metals listed at the top of the series are “noble” 
or less reactive. Metals listed below the hydrogen reaction are reactive, that is, they 
corrode more readily. A metal listed below another metal will displace it from a solution 
containing the higher metal’s ions. Iron, for example, will have copper metal plated on 
it when placed in a copper sulfate solution. This is an iron corrosion reaction. Metals 
listed below hydrogen will displace the H"*" ions from acid solutions. 

Let us look at the case of iron corrosion in aqueous hydrochloric acid, by placing 
an iron sheet and a platinum sheet in dilute HCl solution and connecting them by a metal 
wire outside the solution. The overall reaction under these conditions is: 

Fe + 2H+ + 2Cr ^ + 2Cr + H 2 (4) 


which consists of two half-cell reactions. 

Fe ^ Fe^^ + 2e (at the anode) 

2H~*" -h 2e H 2 (at the Pt cathode) 


(5) 

( 6 ) 
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It is clear from Table 14.6 that the reversible potential for the hydrogen electrode 
process (reaction 6) is more positive than that for the iron electrode process. There¬ 
fore, the overall reaction (reaction 4) will proceed on the surface of iron immersed in 
dilute HCl because of the driving force arising from the potential difference between 
the two electrode processes. Since the two reactions proceed on the same location with 
opposing charge transfer, both electrodes are polarized in opposite directions to reach 


TABLE 14.6. Standard Electrode Potentials at 25°C 


Electrode reaction 

Standard reversible 
potential, volt vs SHE 

Inactive 2 H 2 O = H 2 O 2 + 2H+ + 2e 

1.770 

Au = Au"*" + e 

1.680 

Au = Au^"*" + 3e 

1.500 

Pb2+ + 2 H 2 O = Pb02 + 4H+ + 2e 

1.455 

2C1- = CI 2 + 2e 

1.359 

2H20 = 02+4H++4e 

1.229 

2Br = Br 2 2e 

1.065 

Pd = Pd2+ + 2e 

0,987 

Ag = Ag+ + e 

0.799 

2Hg = Hg|++2e 

0.789 

Fe^+ =Fe3++e 

0.771 

H 2 O 2 = 02 + 2H+ + 2e 

0.682 

2Ag + SO^" = Ag 2 S 04 + 2e 

0.653 

21- = I 2 + 2e 

0.535 

Cu = Cu"*" + e 

0.521 

Fe(CN)^" = Fe(CN)^“ +e 

0.360 

Cu = Cu2+ + 2e 

0.337 

Ag + Cl = AgCl -h e 

0.222 

Cu+ = Cu2+ + e 

0.153 

H 2 = 2H+ + 2e 

0.000 

Pb = Pb2+ + 2e 

-0.126 

Sn = Sn^4 + 2e 

-0.136 

Mo = + 3e 

-0.200 

Ni = Ni^+ + 2e 

-0.250 

Co = Co2+ + 2e 

-0.277 

Pb + SO^“ = PbS 04 + 2e 

-0.356 

Fe = Fe2+ + 2e 

-0.440 

Cd = Cd2+ + 2e 

-0.453 

2Nb + 5 H 2 O = Nb 205 + 10H+ + lOe 

-0.650 

Cr = Ci^+ + 3e 

-0.740 

Zn = Zn^4 + 2e 

-0.763 

Zr = Zr'‘++4e 

-1.530 

Ti = Ti^+ + 3e 

-1.630 

A1 = A|3+ + 3e 

-1.660 

Mg = Mg^4 + 2e 

-2.370 

Na = Na"*" + e 

-2.714 

K = K+ + e 

-2.925 

Active Li = Li"*" + e 

-3.045 
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an intermediate value, called the mixed potential. (See Section 14.2,2 and Fig. 14.5 for 
additional discussion of this topic). 

The potential difference between a metal and its ions in a solution can be measured 
with a voltmeter connected to an inert reference electrode. An electric potential exists 
between the anode and the cathode and has the same value as that calculated by the 
addition of the two half-cell reactions: 

A£" = £Lhode-£^ode (7) 

In real corrosion processes, the anodic and cathodic reactions occur randomly over 
the surface with regard to space and time, resulting in uniform corrosion. Oxidation and 
reduction occur at the same rate for the preservation of electrical neutrality of the iron. 
If either half-reaction stops, so does the overall reaction. These reactions will take place 
simultaneously on flat regions (as in uniform corrosion) in localized zones. 


Pourbaix Diagrams. Another tool for predicting corrosion reactions is the Pourbaix 
diagram [9], which deals with thermodynamic equilibria. The pH of an electrolyte often 
has a profound effect on the degree and extent of corrosion. The Pourbaix diagram 
illustrates the dependence of the potential established between a pure metal and its ions 
in solution, and the pH of the electrolyte, indicating which pH-potential conditions 
might lead to corrosion. The Pourbaix diagram for the iron-water system is shown in 
Fig. 14.1, where line a represents the hydrogen reaction: 

2H+ + 2e“ ^ H 2 (8) 



FIGURE 14.1. Potential-pH diagram for Fe-H20 system at 25°C. The area between the lines a and b 
represents the thermodynamic region of the stability of water [9]. (With permission from M.POURBAIX, 
Atlas of Electrochemical Equilibria in Aqueous Solutions^ NACE and CEBELCOR.) 
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and line b represents the oxygen reaction: 

2H20^02+4H++4e (9) 

If the potential is moved below line a at a fixed pH, H2 will evolve. Movement of 
the potential above line b will cause O 2 to evolve. Thus, the region between these two 
lines indicates the region of thermodynamic stability of H 2 O. 

The diagrams are constructed from data for reactions that are: (1) Potential depend¬ 
ent and pH independent, (2) pH dependent and potential independent, (3) pH and 
potential dependent, and (4) dependent on neither pH nor potential. 

The individual lines in Fig. 14.1 are developed by assuming a reaction and calcu¬ 
lating the dependence of potential on pH and concentration, using published free energy 
data. For exaniple, line 1 refers to the equilibrium (10): 

Fe = Fe2+ + 2e (10) 

involving Fe in equilibrium with 10“^ M of Fe^"*" at 25°C. The Nemst equation for this 
reaction is written as: 


^ In [Fe^+l 
nF 

(11) 

- 0 . 44 + 0.0295 log [10-^] 

(12) 

-0.555 V vs SHE 

(13) 


E 1 refers to the standard electrode potential, RT / nF iothe Nemst slope, n to the number 
of electrons involved in the charge transfer reaction, and [ ] to the concentration or the 
activity of the ions under study. Since neither H"^ nor OH" ions are participating in 
reaction (10), the potential is independent of pH, as shown by line 1 in Fig. 14.1. 

Line 3 represents the reaction: 

3Fe + 4 H 2 O = FesOa + 8H+ + 8e (14) 

The Nemst equation for this reaction is given as: 

RT 

£3 = £3 +-Erin (15) 

r 

= E^-0.059 pH (16) 

Thus, the potential for reaction (14) varies with pH. At potentials higher than ca.O.SV, 
Fe^"^ is more stable than Fe^"^, and iron will precipitate as Fe 203 . 


2Fe^+ + 3 H 2 O = FeaOs + 6H+ 


(17) 
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Since reaction (17) is a chemical process, line (6) adjoining Fe^"*" and Fe 203 is 
independent of potential. 

It is well known that Fe develops a corrosion resistant layer of magnetite, Fe 304 , 
over a narrow potential range and dissolves in concentrated alkaline solutions as ferrate. 


which is represented by reaction (18) and line (8) in Fig. 14,1. 

3HFeOJ + H+ = Fe 304 + 2 H 2 O + 2e (18) 

The Nemst equation for this reaction is: 

£8 = £8+0-0295 pH (19) 

The reactions representing the other lines in Fig. 14.1 are as follows. 

Fe^+ = Fe^+ + e (line 2) 

3Fe2+ + 4 H 2 O = Fe 304 + 8H+ + 2e (line 4) 

2Fe^+ + 3 H 2 O = Fe 203 + 6H+ + 2e (line 5) 

2 Fe 304 + H 2 O = 3 Fe 203 + 2H+ + 2e (line 7) 

Fe + 2 H 2 O = HFe02 + 3H+ + 2e (line 9) 


The potential-pH diagrams contain an enormous amount of information describing the 
equilibria involving the metal and its various oxidation states, be they ionic or solid. There 
are three major regions in the potential-PH diagram. The first is the region of immunity. In 
this region, the pH is such that the potential is sufficiently negative so that metallic iron is 
thermodynamically stable and will not corrode. The second region is the corrosion area. 
In this region of pH and potential, the Fe^"^ and Fe^^ ions are stable. The third region is 
one of passivation. The metallic form of iron does corrode but forms insoluble hydroxides 
or oxides such as Fe(OH )3 and Fe 203 that prevent further dissolution. Generally, the 
Pourbaix diagram identifies the areas of stability of the metal-water system, and should 
be considered as the starting point for any corrosion study (Fig. 14.2). The predictions 
of the Pourbaix diagrams are shown to be in general agreement with the experimental 
results in Fig. 14.3 on the general corrosion of iron in flowing solutions. Figure 14.4 
shows corrosion data for solutions containing small quantities of chloride, which may 
cause pitting. 

74.2.2. Kinetics 

While thermodynamics will provide a sanction for the reaction to proceed spontaneously, 
kinetics will dictate the rates of the electrochemical reactions. For corrosion to occur, 
two electrochemical reactions, an oxidation and a reduction reaction, must proceed at 
the same time and at the same rate to preserve the electroneutrality of the system. Thus, 
when iron is immersed in an acidic medium, Fe will oxidize to Fe^*^, the correspond¬ 
ing or conjugate reduction being either the discharge of H"^ to H 2 or the reduction of 
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FIGURE 14.2. Theoretical conditions of corrosion, immunity, and passivation of iron. The figure on the left is 
based on the assumption that passivation is by a film of Fe 203 and the figure on the right assumes the surface 
film to be Fe 203 and Fe 304 [9]. (With permission from M.POURBAIX, Atlas of Electrochemical Equilibria 
in Aqueous Solutions, NACE and CEBELCOR.) 



FIGURE 14.3. General corrosion of iron in flowing solutions [9]. (With permission from M.POURBAIX, 
Atlas of Electrochemical Equilibria in Aqueous Solutions, NACE and CEBELCOR.) 


O 2 to H 2 O as: 


Fe-^Fe2+ + 2e 

(20) 

2H+ + 2e~ ^ H 2 

(21) 

02+4H+ + 4e^2H20 

(22) 
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FIGURE 14.4. Corrosion of iron in solutions containing chloride ions [9]. (With permission from 
M.POURBAIX, Atlas of Electrochemical Equilibria in Aqueous Solutions, NACE and CEBELCOR.) 


If reaction (21) or (22) does not occur, there will be no corrosion, since the electrons 
released during the oxidation of Fe cannot be consumed. 

Let us now examine the case of an iron rod placed in an acidic solution of copper 
sulfate, when copper is deposited on the iron surface, following the dissolution of iron. 
This process can be described as composed of two electrochemical reactions, shown 
below. 


Fe Fe^+ + 2e 

(23) 

Cu^"*" + 2e Cu 

(24) 


The overall reaction is: 


Fe + Cu2+ Fe2+ + Cu (25) 

Figure 14.5 illustrates the component and overall polarization curves when iron is 
immersed in acidic solutions with and without Cu^“*“. The anodic polarization curves in 
both solutions are almost the same (line A). The counter electrode reaction in pure solu¬ 
tion is the hydrogen evolution reaction, whose polarization behavior is shown by line B. 
These curves cross each other at point P, which is the mixed potential £m(H). The anodic 
and the cathodic overvoltages are ^Fe(H) and —rjn respectively. The current density 
corresponding to £'m(H) is the corrosion current for iron in acid solutions, /coit(H). 

When iron is placed in a solution containing Cu^"*" ions, copper deposits on the 
iron substrate at the expense of iron corrosion. Note that the reversible potential of the 
Fe/Fe^"*" couple of —0.44 V is less noble than that of the reversible potential for Cu/Cu^"*” 
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FIGURE 14,5, Polarization behavior of iron in acidic solutions with and without Cu^"*", 


of 034 V, and therefore, iron and copper are polarized from their reversible potentials 
to a mixed potential, Em(Cu) at point Q, the anodic overvoltage being ??Fe(Cu) and the 
cathodic overvoltage being — ?7cu* The cathodic polarization is represented by line C. 
The cathodic deposition of copper predominates over hydrogen evolution depending 
on the solution pH and the Cu^"*" concentration. The current density corresponding to 
^m(Cu) is the corrosion current, /coit(Cu), which is a measure of the corrosion rate, Vcorr- 
Note that the electrode reactions (23) and (24) take place on the same metal surface at a 
potential of which is called the mixed potential or the corrosion potential. It should 
also be recognized that it is impossible to measure the corrosion current directly since 
the current generated at the anode in this closed circuit is consumed by the conjugate 
electrode reaction, that is, the cathodic process. 

Figures 14.6 and 14.7 depict the polarization curves of iron in weak HCl solutions, 
when the cathodic reaction is the hydrogen evolution reaction and when the cathodic pro¬ 
cess is the reduction of oxygen, respectively. In the former case, both the anodic and the 
cathodic processes are charge-transfer controlled, represented by the Tafel equation as: 

r] = (RT/fiF)\n{i/icoTr) (26) 

where r] refers to the overvoltage and p is the transfer coefficient. X is the intersection of 
the extrapolated straight-line portions of RS and PQ. X represents the corrosion potential, 
Eyi, the corresponding current being /con-* 

In aerated solutions, the cathodic reaction is the O 2 reduction reaction (Eq. 22). 
In such media, the anodic polarization curve will be the same as in acidic solutions 
(Fig. 14.6) in the absence of O 2 . However, the cathodic polarization curve (Fig. 14.7) 
has a different shape, because the reduction of O 2 is a diffusion-controlled process. 
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FIGURE 14.7. Polarization data for iron in aerated solutions. 


The diffusion-limiting current in solutions open to air at room temperature is 0.2 to 
2mAcm“^. 

The corrosion rate in this case is the same as the diffusion-limited current for the O 2 
reduction reaction. Note, however, that the corrosion potential is shifted to more positive 
values compared to Fig. 14.6. 

When both the anodic and cathodic reactions are kinetically controlled, the cor¬ 
rosion rate can be obtained, in the absence of any complexities, from the slope of the 
current-voltage curve around the corrosion potential as: 

1 Ai 

horr = “7 ^ "7 (27) 

/a + fc M 

where /a and fc represent the Tafel slopes for the respective anodic and cathodic pro¬ 
cesses and Ai/At] refers to the slope of the / vs r] plot. This technique is called the linear 
polarization method or the polarization resistance method. 

The polarization curves are not always as simple as shown in Figs. 14.6 and 14.7. 
Figure 14.8 illustrates the polarization behavior of a clean stainless steel (Type 446) 
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FIGURE 14.8. Anodic polarization curve for Type 446 stainless steel in 10% sulfuric acid solution at 95°C. 

in deaerated sulfuric acid solutions. As a fresh specimen is made anodic, starting from 
i^M, the current increases because of the active dissolution of the metal. When the 
potential approaches a threshold value, called the Flade potential (Ep), the current 
decreases as a result of the formation of a thin, adherent protective oxide film, and 
the electrode is considered passive. Further increase in potential beyond Ej results in 
irregular breakdown of the passive film. Therefore more corrosion of the metal occurs. 
This is called transpassivation. The static potential of the metal in the presence of O 2 , 
E^, is more positive than Em, suggesting the passivation of steel is due to the O 2 . The 
dotted line in Fig. 14.8 represents the cathodic polarization behavior of oxygen. 


14.2.3, Corrosion Prevention 

14.2.3.1. Principles. Since corrosion involves an oxidation and a reduction, we can 
describe the rates of these reactions, assuming kinetic control, by the electrochemical rate 
equations described in Section 4.2. Neglecting the backward rates of these component 
reactions, it can be shown that the corrosion current is a function of the exchange current 
densities of the anodic (/o,a) and cathodic (/o,c) reactions and the equilibrium potentials 
of the anodic {E^) and the cathodic (Eq) processes. Assuming the transfer coefficient to 
be 0.5 results in 


icon = exp[(F/4/?r)(£'a - £'c)] (28) 

It is clear from Eq. (28) that fcorr can be lowered by reducing either the “fo,a ^o,c” 
term or the (E^ — Eq) value. Retarding the rate of the anodic or cathodic reaction 
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log (Current Density) 

FIGURE 14.9. Schematic polarization curves illustrating the principles of cathodic protection and the influence 
of inhibitors. 


by using inhibitors can reduce the magnitude of the exchange current densities. These 
inhibitors can be inorganic or organic species added to the solution or vapor-phase 
based and can change the polarization behavior of the anodic or cathodic reaction 
by lowering the exchange current density of the reaction of interest. This is called 
corrosion inhibition. Figure 14.9 shows the anodic and cathodic polarization curves, 
A and C, in the absence of any inhibitors. Curve C', representing the cathodic polar¬ 
ization curve in the presence of an inhibitor, shows a reduction in the corrosion 
rate because of the reduction in the exchange current density, by the cathodic 
inhibitor. 

The (£'a — £^c) can be reduced by applying a cathodic current to the corroding 
sample so that its potential at least reaches the equilibrium potential of the anode f'a, 
where the corroding electrode is cathodically protected. It is necessary to apply an 
additional current to ensure that the potential is a few millivolts more negative that 
the £a value to achieve complete protection from corrosion. Cathodic protection can 
be achieved by applying the current externally or by coupling the specimen of interest 
to sacrificial anodes of metals such as Al, Mg, Zn. These principles are illustrated in 
Fig. 14.9. 

In a manner akin to cathodic protection, one can apply an anodic current instead, to 
drive the anode potential to a region where an insulating oxide film can form and protect 
the metal. This technique is called anodic protection. 


14.2.3.2. Examples. The classical way to protect a metal surface from corrosion is to 
coat it with paint or a polymeric composition. Proper selection of the material and 
pretreatment of the surface of the substrate are necessary for good results. Many old 
compositions are no longer used because of environmental concerns. Use of wash primer 
and a second interlayer before the final painting provides good corrosion resistance—^the 
thickness of the coating varying from about 10 p.m to several millimeters depending on 
the need. 
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Metallic corrosion is also controlled by cathodic protection using sacrificial or 
durable anodes. The steel is polarized cathodically and hence protected from corrosion 
at the expense of the anodic dissolution of the less-noble metals. Corrosion protection 
of steel using zinc-rich paints or zinc plating (i.e., galvanizing) is based on the same 
mechanism. On the other hand, in the case of lead oxide paints used for painting bridges, 
the lead oxide layer is noble vs the steel substrate, with high hydrogen overpotential. As 
a result, the cathodic reaction, and hence corrosion, is suppressed. 

With durable anodes, such as the DSA®, current is applied from an external power 
supply to achieve cathodic protection. However, it is necessary to optimize the electrode 
geometry of this system to realize uniform current distribution. Cathodic protection is 
widely used to protect pipelines, buried steel structures, steel reinforcement in concrete, 
and chemical process equipment. 

Anodic protection of steel can be achieved by applying a small anodic current using 
a less expensive metal cathode. However, it is necessary to make sure that the protect¬ 
ive, passive film on the surface is not attacked by trace impurities such as chloride. 
Anodic protection of steel storage tanks for 50% NaOH is successful at a current dens¬ 
ity of 1 A m“^, but it is not used with diaphragm-cell caustic because of the presence 
of salt. 

Corrosion inhibitors are used in a wide variety of fields [10,11]. In aqueous media, 
oxygen scavengers are generally used to suppress corrosion caused by dissolved oxygen. 
These scavengers contain reducing agents such as hydrazine or sulfites. A number of 
ionic and nonionic inhibitors that retard corrosion either by depositing or adsorbing 
on the metal surface are also available. Use of corrosion inhibitors requires extensive 
pilot evaluation to ensure their efficiency and avoid deleterious effects on either the 
downstream process (by contamination) or the environment. 


14.2.3.2A. Inorganic Inhibitors. The inorganic inhibitors may be classified on the basis 
of the role of oxygen. Inhibitors that can function without external oxygen are sometimes 
called passivators. These compounds include chromates and nitrates, which are readily 
reduced and able to oxidize the metal surface, usually iron, to form a passive oxide film. 
Other inorganic anions used in inhibitors include phosphates, silicates, and borates. 

Tungstates and molybdates are anodic inhibitors which need oxygen to passivate 
a metal. However, they are not effective at high temperatures, high salt concentrations, 
low pH values, or low oxygen levels. 

Inhibitors may also be classified in terms of their mechanism, that is, whether they 
function by influencing the anodic or cathodic side of the electrochemical corrosion cell. 
There is not always general agreement with regard to the function of a given inhibitor 
under given conditions of pH, oxygen content, and temperature. However, chromates, 
nitrates, silicates, phosphates, and borates are usually considered to be anodic inhibitors 
and those cations that react with the cathodically generated hydroxide to form insoluble 
compounds of Mg^“^, Cu^“^, Zn^"^, Cd^"^, and Ni^"^ are considered to be cathodic 
inhibitors. Thus, calcium polyphosphate may be viewed as a cathodic inhibitor. The 
differentiation is made by the direction in which the potential moves upon the addition 
of the inhibitor to the system. An anodic inhibitor will cause the potential to move in 
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the positive direction, while a cathodic inhibitor will move the potential in the negative 
direction, that is, toward the equilibrium potential of the anodic reaction (Fig. 14.9). 


14.2.3.2B. Organic Inhibitors. Many organic compounds have been used as inhibitors. 
The effectiveness of an organic inhibitor depends on the type of bonding of the organic 
molecule with the metal. It is generally recognized that to be effective the compound 
must be adsorbed, but the type of adsorption bond varies with the configuration of the 
molecule. The main modes of adsorption are electrostatic adsorption, chemisorption, 
and 7T-bond (delocalized electron) adsorption. Inhibition by electrostatic adsorption is 
illustrated by aniline and substituted anilines, pyridine, butylamine, benzoic acid and 
substituted benzoic acids, and compounds such as benzenesulfonic acid. 

Some of the types of compounds that function through electrostatic adsorption may 
also function by chemisorption. Chemisorption is most evident with nitrogen or sulfur 
heterocyclics. Benzotriazole and poly triazole, both effective inhibitors of copper corro¬ 
sion, are believed to operate through chemisorption, as does O.IM butylamine, which is 
effective in inhibiting the corrosion of iron in concentrated perchloric acid. However, the 
effectiveness of a given compound depends on the mechanism and operating conditions. 

Corrosion inhibition by ir-bond orbital interaction is exhibited by compounds such 
as n-propanol, allyl alcohol, and 2-propyne-l-ol. As the structure goes from the single 
bond in n-propanol to the double bond to the triple bond, the Tt-bond interaction with the 
metal increases, decreasing the corrosion rate of carbon steel in 2.8N HCl from several 
thousand to three millimeters per year. However, steric interferences may decrease the 
inhibitor efficiencies. 


14.2.3.2C. Vapor-Phase Inhibitors. Vapor-phase inhibitors are volatile compounds con¬ 
taining one or more functional groups capable of inhibiting corrosion. The principle is 
to saturate the vapor surrounding the metal object with the volatile compound. The com¬ 
pound is adsorbed and, in the presence of atmospheric moisture, dissociates to functional 
groups on the surface that retard corrosion. The surface of the metal does not have to 
be prepared in any special way, as is the case with electroplating, and the inhibitor 
will function even if the surface is oxidized or rusted before application. The inhibitor 
will not remove the rust but will prevent further attack. Some of the effective inhibitors 
include: (1) amine salts with nitrous or chromic acids; (2) amine salts with carbonic, 
carbamic, acetic, and substituted or unsubstituted benzoic acids; (3) organic esters of 
nitrous, phthalic, or carbonic acids; (4) primary, secondary, and tertiary aliphatic amines; 
(5) cycloaliphatic and aromatic amines; (6) poly methylene amines; (7) mixtures of urea, 
urotropine, and ethanolamines; (8) nitrobenzene and 1-nitronapthalene. 


14, 2.4. Corrosion Rates 

The rate of general or uniform corrosion is expressed as weight loss per unit area and 
time, for example, mgdm"^ day“^ (mdd), or as loss in the thickness of the sample, for 
example, millimeters per year (mm/y) or mils/year (mpy). These two descriptions can 
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TABLE 14.7. Corrosion Rate Guidelines for 
Selection of Materials 


Rank 

Uhlig^^^3 

(mpy) 

(mpy) 

CrxI14] 

(mpy)/(mm/y) 

A. Excellent 

<5 

<2 

<2/<0.05 

B. Good 

5-50 

<20 

<20/<0.51 

C. Careful 


20-50 

<50/<1.27 

D. Inapplicable 

>50 

>50 

>50/>1.27 


be interconverted as: 


density(gcm x 10^ 

1 mdd =--mm/y 

365 

1 mpy = 2.5 x mm/y 

Corrosion rates can also be calculated from /corr values, expressed in mA cm“^ by 

128.66 X icon X equivalent weight of the metal 
density (g cm“^) 


(29) 

(30) 


(31) 


The corrosion rate is not always constant, as it is enhanced on rough surfaces and 
retarded when surface oxide layers form on the metal. Therefore, it is essential that 
corrosion behavior be examined over a prolonged time period before selection for use 
in any unit operation. 

Table 14.7 provides a guideline for selecting materials of construction based on 
their corrosion rates. This information should be weighed against the cost of the mater¬ 
ial, as a highly corrosion resistant material is not always the most economical choice. 
It should be cautioned that the criteria in Table 14.7 are not valid if there is local¬ 
ized corrosion due to pitting or SCC. In such instances, it is necessary to ensure that 
the chosen material is not prone to failure by the mechanisms leading to localized 
corrosion. 


14.3. MANIFESTATIONS OF CORROSION 

Corrosion appears in various forms. An understanding of these forms is essential for 
selection of the right materials for any given operation and to avoid simple mistakes 
that can lead to catastrophic corrosion failures. The ten distinct forms of corrosion 
discussed here are uniform corrosion, galvanic corrosion, crevice corrosion, pitting 
corrosion, intergranular corrosion, selective leaching or dealloying, erosion corrosion, 
stress corrosion, corrosion fatigue, and high-temperature corrosion. 
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14.3.1. Uniform or General Corrosion 

This is the most common form of corrosion when metal dissolution takes place uniformly 
(not localized) over the entire exposed surface (e.g., rusting). Uniform corrosion can be 
seen in steel pipes, beams, offshore drilling platforms, heat exchanger tubes, knives, 
forks, and spoons. 


14.3.2. Galvanic or ''Two-MetaV Corrosion 

Galvanic corrosion occurs when a less noble metal is in contact with a more noble metal 
in the same environment. The extent of corrosion depends on the: 

1. positions of the metals in the EMF series 

2. nature of the environment 

3. polarization behavior of the metals 

4. geometric relationship of the component metals. 

As a general rule, when dissimilar metals are used in contact with each other and are 
exposed to an electrically conducting solution, combinations of metals that are as close 
as possible in the galvanic series should be chosen. Coupling two widely separated 
metals generally will produce an accelerated attack of the more active metal. Prin¬ 
ciples of electrode kinetics can be used to understand galvanic corrosion, as exemplified 
below. 

Platinum is an inert metal and the rate of hydrogen evolution is orders of mag¬ 
nitude greater than that on metallic zinc (exchange current density for the hydrogen 
evolution reaction in IN HCl is Acm”^ on Pt and Acm”^ on Zn in 

H 2 SO 4 ). 

If a piece of platinum wire is coupled to zinc which is corroding in an air-free, acidic 
solution, vigorous hydrogen evolution begins on the platinum surface and the rate of zinc 
dissolution also increases. In terms of polarization curves (Fig. 14.10), the corrosion rate 
is /corr(Zn), which is obtained as the point of intersection of the Zn dissolution and 
hydrogen evolution Tafel plots. The corrosion potential is represented by Ecorr- 



FIGURE 14.10. Effect of coupling zinc to platinum, exemplifying galvanic corrosion. 
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FIGURE 14.11. Comparison of zinc-platinum and zinc-gold galvanic couples. 


When equal areas of Pt and Zn are coupled, the rate of hydrogen evolution is 
given by, 


Rate of H 2 evolution = Rate on the Zn surface + Rate on R surface 
= Rate on R surface 


(since rate on the R surface ^ rate on Zn surface). 

The corrosion rate in this coupled system is determined by the intersection of the 
polarization curve for H 2 evolution on R with the Zn dissolution curve. The corrosion 
current is not icon- (Zn), and has increased many fold to /corr(Zn-Pt). The “mixed” or 
corrosion potential shifts from Econ to £'coupie as shown in Fig. 14.10 (note that the 
corrosion potential shifts in the positive direction). 

Coupling Zn to Au (of the same area) results in a decrease in the corrosion rate 
in comparison to the Zn-Pt couple, and the corrosion potential shifts in the negative 
direction. The decrease in the rate of Zn dissolution for Zn-Au compared to Zn-Pt 
system is not determined by the position of Au in the EMF series with respect to Pt but 
is due to the fact that the rate of H 2 evolution on gold is less than the rate of H 2 evolution 
on platinum (Fig. 14.11). In IN HCl, the exchange current density for the H 2 evolution 
reaction on Pt is 10“^ A cm^ vs 10“^ A cm^ on Au. 

Area effects in galvanic corrosion are very important. An unfavorable area ratio 
(e.g., large cathode and small anode) will result in corrosion rates that are 100 to 1,000 
times greater than if the two areas were the same. 


14,3.3. Crevice Corrosion 

Crevice corrosion is a form of localized corrosion occurring in crevices and other shielded 
areas on metals exposed to a corrosive medium. It is usually observed where small 
volumes of stagnant solution are trapped in holes, gasket surfaces, lap joints, and crevices 
under bolt and rivet heads. 

Differential aeration (i.e., 02-rich vs O 2 -starved regions) is an initial step for crevice 
corrosion and continued corrosion is usually due to accumulation of corrosion products 
inside the crevice (Fig. 14.12). The initial corrosion reactions for this case may be 
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Crevice Corrosion—Initial Stage 



Crevice Corrosion—Later Stage 


FIGURE 14.12. Schematic depicting the initial and later stages of crevice corrosion. (With permission from 
NACE International.) 


written as: 


4M ^ 4M+ + 4e 

O 2 + 2 H 2 O + 4e ^ 40H“ 

When, in the absence of convection, the O 2 concentration inside the crevice 
decreases to zero, an O 2 concentration cell is set up. Metal M continues to corrode inside 




1316 


CHAPTER 14 


the crevice while the exposed metal is protected by O 2 reduction. Corrosion inside the 
crevice results in an increase in M"^ ions, hence negative ions (e.g., Cl”) migrate into 
the crevice to maintain electroneutrality, resulting in the formation of the metal chloride. 
The metal chloride hydrolyzes as: 

MCI + H 2 O ^ MOH + HCl 

The HCl released during the hydrolysis reaction enhances metal dissolution, and the pro¬ 
cess repeats. Thus, crevice corrosion is an autocatalytic process. Since crevice corrosion 
is related to the mass transport through the crevice, the size of the crevice plays a critical 
role. Crevice corrosion seldom occurs in wide grooves, as there is enough supply of 
oxygen to these areas. Figure 14.13 illustrates the crevice corrosion of a titanium heat 
exchanger plate covered with a synthetic rubber gasket. Damaged areas for the most part 
are covered with white Ti 02 . 

Precipitates and suspended solids in process streams will deposit in stagnant areas 
(e.g., comers in vessels or bends in a pipe) and lead to corrosion of metals by the same 
mechanism as that involved in crevice corrosion. This is called “deposit attack.” Filtration 
of process fluids can prevent these problems. 

Filiform corrosion found on painted materials is a type of corrosion caused by 
uneven transfer of dissolved oxygen. Once the solution permeates through a painted 
layer on an iron surface, the metal corrodes. The acidity built up during this process 
promotes the delamination of the paint film. Ferrous ions left behind are oxidized to 
ferric iron, which will precipitate as Fe(OH) 3 . 


Gasket 


Damaged 

locations 




Locations damaged 
by crevice corrosion 


FIGURE 14.13. Crevice corrosion of titanium plate of a brine heat exchanger. (With permission from Denki 
Kagako Kogyo Co. (1977).) 
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14.3.4. Pitting Corrosion 

Pitting corrosion is a dangerous form of acute localized corrosion. Localized corrosion 
is defined as corrosion attack on a small part of a metal surface while the remaining area 
is practically unattacked. 

Pitting usually occurs on metals that are covered by a “passive” film, which protects 
them from corrosion under normal conditions. Pitting is known to occur on magnesium, 
aluminum, titanium, carbon steel, stainless steel, and copper. Pits develop at weak spots 
on the surface film and at sites where the film has been damaged. 

Pitting corrosion manifests itself with the formation of holes. Equipment failures 
due to pitting corrosion show little or negligible weight loss, and usually the failures 
are quite sudden. Pitting is difficult to detect, because the holes are usually filled with 
corrosion products as they form. Pits usually grow in the direction of gravity and their 
formation is associated with a long initiation period ranging from a few months to years, 
depending on the metal and the medium. 

The mechanism for pitting corrosion is similar to that invoked for crevice corrosion. 
Rapid metal dissolution in the pit area (with O 2 reduction taking place in the adjacent 
areas) produces an excess positive charge, which induces CP ion migration, followed 
by ion formation due to hydrolysis, which results in further dissolution of the metal. 
Since the O 2 concentration in the pit is virtually zero, the pit protects the rest of the metal 
cathodically by sustaining O 2 reduction in the adjacent areas. 

In addition to temperature, pitting corrosion is influenced by two factors: 

1. Solution Composition. Most pitting failures have been associated with CP or 
chlorine-containing ions such as OCP. Metal chloride formation and subsequent hydro¬ 
lysis to generate ions is the most probable mechanism. F“ and P ions do not tend 
to induce pitting. Cations such as Cu^*^, Fe^“^, and Hg^"*" have a marked effect on 
pitting. These ions do not need the presence of oxygen to promote attack, since they can 
participate in reduction reactions such as Cu^"^ -\-2e~ Cu and Fe^"*" + e“ ^ Fe^'^. 
Copper deposition is usually associated with the pitting of aluminum. 

2. Solution Velocity. Pitting occurs under stagnant conditions when a liquid is 
trapped in a part of an “inactive” pipe system. Increasing the solution velocity decreases 
pitting attack. 

One of the techniques employed to determine whether or not a substrate is prone to 
pitting is an analysis of current-potential data in the given medium. Figure 14.14 shows 
the polarization curve of a Type 18-8 stainless steel in a slightly acidified NiS 04 solution 
at 95°C [15]. When it is immersed in the NiS 04 solution, it is readily passivated. As the 
stainless steel is anodically polarized to 1 V vs the standard calomel electrode (SCE), 
a small amount of current flows through the system. This is the passivation current. 
When the anode potential increases beyond 1 V, the current increases again (curve I) as 
a result of tranpassivation. The current-potential profile again follows curve I when the 
anode potential is reduced. 

When a similar experiment was performed in solutions containing O.IM NiCl 2 , 
current increased at a low potential, Er (compare curve I and curve II), indicating 
the breakdown of the surface film. The current fluctuated at ~5 mA cm“^ even when 
the potential varied from 0.3 V to 0.0 V, and then the current decreased, as indicated by 
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Current density (mA/cm^) 

FIGURE 14.14. Anodic polarization curve of 18-8 stainless steel in acidified NiS04 solution at 95°C [15]. 


the curve III. Thus, in the potential range marked B (between £p and £r), the formation 
and the rupture of the passive film compete with each other—the passive film being 
attacked by the Cl” ion. At potentials below £p, the protection potential, the material 
is protected from corrosion. Note that the Cl” ion penetrates through the oxide layer 
before it attacks the metal, and therefore there is an induction period before the substrate 
starts degrading from the anodic dissolution process. 

The protection potential of Type 300 stainless steels [16] decreases as the Cl” ion 
concentration increases, as shown in Fig. 14.15. As the Ep of 316 SS is more noble than 
that of 304 SS, it is more resistant to pitting by Cl” ions. 


143.5. Intergranular Corrosion 

Selective corrosion in the grain boundaries of a metal or alloy without appreciable attack 
on the grains or crystals themselves is called intergranular corrosion. When a metal solid¬ 
ifies, the atoms, which are randomly distributed in the liquid state, arrange themselves 
in a crystalline array. Although a crystalline order is maintained in the bulk phase, there 
usually is a mismatch between the individual grains on the surface. These regions are 
called grain boundaries and constitute high-energy areas on the surface. They are gener¬ 
ally found to be more chemically active. A preferential attack at the grain boundary can 
result in disintegration of the grains and lead to a rapid decrease in mechanical strength. 
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FIGURE 14.15. Protection potential of 18-8 stainless steel in mixed solutions of NaOH and NaCl at 95°C as 
a function of the salt concentration [16]. 

Intergranular corrosion can result from an enrichment or depletion of one of the 
alloying elements at the grain boundary. Stainless steels, chromium, and nickel-rich 
alloys are all susceptible to intergranular corrosion. 

In stainless steels containing chromium and carbon, carbon segregates as chromium 
carbide at the grain boundaries, leading to the depletion of chromium around them. As 
a result, corrosion resistance decreases when the steel is heated. Corrosion of these 
heat-affected zones next to the welds is called “weld decay.” 

14.3.6, Selective Leaching or Dealloying 

This form of corrosion corresponds to a process where one constituent of an alloy is 
preferentially removed, leaving behind an altered structure. The most common example 
for this type of corrosion is the selective removal of zinc from brass (Cu-Zn alloys), 
also referred to as dezincification. Selective leaching has been observed in other alloy 
systems containing Al, Fe, Co, and Cr. 

Dealloying is normally detectable by a color change. Brasses turn from yellow to 
red. Cast irons become dark from silver gray as a result of enrichment of graphite. Gray 
iron that has suffered such corrosion is like a “sponge” with virtually no mechanical 
strength. 

14.3.7. Erosion Corrosion 

Erosion corrosion may be defined as accelerated corrosion arising from rapid relative 
movement of the corrosive fluid and the metal surface. At high velocities of the corrosive 
fluid, mechanical wear or abrasion occurs. An increase in velocity can increase the 
rate of corrosion by enhancing the supply of O 2 , CO 2 , H 2 S, or other constituents in 
the medium. 

Almost all metals are susceptible to erosion corrosion. Most metals depend on pro¬ 
tective “passivating” films to inhibit further corrosion of the underlying metal. Examples 
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are stainless steels, aluminum, and lead. Erosion corrosion results when protective films 
are damaged or worn by the velocity of the corrosive fluid. This breakdown results in an 
increase in the corrosion rate. 

Typical systems susceptible to erosion corrosion are piping (particularly where tur¬ 
bulence is intensified as in bends, elbows and tees), valves, pumps, blowers, propellers, 
impellers, turbine blades, nozzles, ducts, and grinders. The nature and properties of 
surface “passivating” films are very important from the standpoint of erosion corrosion. 
A hard, dense, adherent, and continuous film would provide better protection than a 
nonadherent film. The ability for the film to “re-form” upon breakdown, is referred to 
as “film-repair”. 

Mechanical damage of a metal surface occurs even in clear solutions when cavities 
are repetitively formed and destroyed or collapsed on a surface where the pressure 
decreases rapidly to less than the atmospheric pressure. The resulting cavitation damages 
the protective film on the surface, triggering further corrosion. This occurs frequently 
on the rear side of a pump impeller. 

Copper alloys suffer from impingement attack under turbulent flow conditions, 
when corrosion is accelerated by solids and gas bubbles in the liquid stream. This 
behavior is often seen at the inlet end of a heat exchanger and is called inlet attack. 

Another type of corrosion promoted by mechanical factors is fretting corrosion, 
which occurs on a metal surface that repeatedly touches another solid [17]. 


14.3.8. Stress Corrosion 

Stress corrosion refers to cracking (or breakdown) of a structure due to the simultaneous 
presence of a tensile stress and a specific corrosive medium. During stress corrosion, the 
metal/alloy is virtually unattacked over most of the surface while fine cracks propag¬ 
ate through it. Failures due to stress corrosion cracking (SCC) occur with extreme 
suddenness and can have serious consequences. 

The important variables affecting SCC are temperature, solution composition, metal 
composition, and the total stresses (residual and applied) in the metal. Residual stresses 
result from deformation during fabrication, unequal cooling from high temperature, and 
internal structural rearrangements involving volume change. Stresses induced by rivets 
and bolts, press and shrink fits, and dry polishing with grinders can also be classified 
as residual stresses. Tensile stresses at the surface, usually of a magnitude equal to the 
yield stress, are necessary to produce SCC. 

SCC mainly occurs in two forms, intergranular and transgranular. The intergranular 
form corresponds to a case where the cracking follows the grain boundaries in the metal, 
while the transgranular type of cracking corresponds to a case where the cracks pass 
through the metallic grains. 

Figures 14.16 and 14.17 are examples of intergranular corrosion and transgranular 
corrosion of stainless steels, respectively. Transgranular corrosion refers to the corrosion 
of the metallic grains, while intergranular corrosion refers to the corrosion in the grain 
boundary region. Although carbon steel is considered to be unaffected by transgranular 
corrosion, transgranular SCC was observed with mild steels and low alloy steels in a 
H 2 O-CO-CO 2 environment [18,19]. 
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FIGURE 14.16. Intergranular corrosion of Type 347 stainless steel in polythionate solution at room 
temperature. (With permission from Sumitomo Metal Industries, Ltd.) 



FIGURE 14.17. Transgranular corrosion of Type 304 stainless steel in 45% MgCl2 at 154°C. (With permission 
from Sumitomo Metal Industries, Ltd.) 
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Electrochemical and mechanical factors both contribute to failure by SCC. The 
electrochemical nature of SCC is easily illustrated by the fact that an impressed cathodic 
current prevents the metal from cracking. Removing the impressed current allows the 
cracking to progress. Although cathodic protection is effective to mitigate the SCC, 
excessive polarization must be avoided to prevent hydrogen embrittlement. 

SCC starts by an electrochemical mechanism. A pit, scratch, or rupture in a pro¬ 
tective film can act as the starting point for corrosion. Anodic and cathodic areas form 
on the metal surface, with the weakly film-covered region and the tip of the crack acting 
as an anode and the oxide-covered region acting as a cathode. Once corrosion starts, the 
stresses tend to concentrate at the tip of the crack, which remains active. At some critical 
stress value, deformation results in the formation of a fresh surface (at tips where all the 
stresses are relieved). The electrochemical mechanism takes over on the fresh surface, 
building up stress at the tip of the crack. This sequence of events repeats continuously. 

Austenitic stainless steels suffer from SCC in solutions containing chloride ions. 
Accelerated tests conducted in boiling 42% MgCl 2 solutions show the time-to-failure 
to be a function of the nickel content in Fe-Cr-Ni alloys (Fig. 14.18). The shadowed 
area represents the region where the steels are prone to SCC. Type 304 stainless steel 
is susceptible to SCC in solutions containing Cl“, the maximum allowable level being 
ca.0.1 mgL"^ 

Another cause of SCC is hydrogen embrittlement. Carbon steel fails by hydrogen 
embrittlement in aqueous solutions containing S, CN, As, and other impurities that 
prevent the recombination of adsorbed atomic hydrogen on the metal surface. Atomic 
hydrogen permeates through the bulk of the metal to form molecular hydrogen in the 



Nickel content (w/o) 


FIGURE 14.18. Time-to-failure as a function of the Ni content in Fe-Cr-Ni alloys in boiling 42% MgCl 2 
solutions. (With permission from NACE International.) 
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voids, where the pressure increases enormously and causes the formation of blisters on 
the surface. 

Titanium fails by hydrogen embrittlement, as it readily forms hydrides, and hence 
it is not used as a cathode material during electrolysis. Hydrogen also permeates into 
steel, where it combines with carbon (i.e., decarburization) at temperatures higher than 
220°C (Fig. 9.58). This decreases mechanical strength and causes hydrogen blisters. 


14.3.9. Corrosion Fatigue 

Corrosion fatigue is caused by the combined action of corrosion attack and rapidly 
alternating tensile and compressive stresses. Corrosion fatigue can occur at low stresses 
in contrast to purely mechanical fatigue, which occurs only at a critical value of cyclic 
stress. The mechanism of corrosion fatigue involves exposure of oxide-free, cold worked 
metal by extraction of slip bands in the metal surface caused by cyclic stressing. The 
exposed metal surface becomes anodic leading to the formation of corrosion grooves, 
which develop to transcrystalline cracks. Corrosion fatigue can be prevented by cathodic 
protection or by surface hardening in the case of steels by nitriding. 


14.3.10. High-Temperature Corrosion 

High-temperature corrosion is the oxidation of metals in dry gas at high temperatures. It 
includes the chemical reaction of metals with corrosives such as sulfur dioxide, chlorine, 
nitrogen, hydrogen, molten salt, and liquid metal. They are called oxidation, vanadium 
attack, sulfidation, nitriding, carburization, halide attack, hydrogen damage, molten-salt 
corrosion, and others depending on the mechanism and the form of the damage. 

When the oxidation of metal is controlled by diffusion of oxygen through the oxide 
layer on the metal surface and the chemical reaction is fast [12], the dependence of the 
oxide-layer thickness x with time t can be written as: 


djc k' 
dr ~ t 


(32) 


where is a coefficient which contains the diffusion coefficient of oxygen in the oxide 
layer. With the initial condition, jc == 0 at r = 0, we have 

X = k = {2k')^l^ (33) 


Figure 14.19 shows an example of the weight gain of iron in air as a function of the 
time of oxidation. The slope of the log-log plot is 0.5, irrespective of temperature, which 
agrees with Eq. (33). This equation [20] is recognized as the basis of high-temperature 
corrosion, with some exceptions, such as the oxidation of metal covered with coarse 
oxide through which oxygen passes at a high rate. In this case, the thickness of the oxide 
is directly proportional to time: 


X = kt 


( 34 ) 
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FIGURE 14.19. Weight gain vs time curves for iron in air [12]. (Reprinted with permission of John Wiley & 
Sons, Inc.) 


The atomic ratio of oxygen to metal in the oxide layer often varies and is non- 
stoichiometric, and therefore it contributes to the electric conductance. When Ni^"^ is 
depleted in a NiO lattice, for example, a positive hole is formed and this is called 
a p-type semiconductor. CU 2 O, FeO, CoO, Bi 203 , and Cr 203 are examples of p-type 
semiconductors. 

On the other hand, when excess metallic ions are present in the oxide lattice of ZnO, 
CdO, Ti 02 , and AI 2 O 3 , more electrons are needed to compensate for the imbalance of 
charge in the oxide. These are called n-type semiconductors. 

Since the transfer of Ni^"^ from the metal surface to the outside controls the oxidation 
of nickel, the addition of Cr^"^ (a high-valence cation) requires a positive hole. This 
triggers the transfer of Ni^*^, resulting in an increased oxidation rate. On the contrary, 
when a low-valence cation such as Li"*" is added to NiO, Li"^ occupies the positive holes, 
and this results in a decreased oxidation rate. This is a description of valency control. 
Thus, the addition of Cr accelerates the oxidation of steel, but the Cr-enriched layers near 
the outside surface forms a tight oxide film, resulting in improved corrosion resistance. 

Vanadium in a fuel forms various metal compounds with low melting points, and 
causes molten-salt corrosion of steel called vanadium attack. Another example of high 
temperature corrosion is sulfidation. Carbon monoxide, carbon dioxide, and hydrocar¬ 
bons form metal carbides at high temperatures and this is called carburization. Nitriding 
involves chemical reaction of nitrogen with metal. 

Liquid metal corrosion is the dissolution of solid metal into a liquid metal, when 
the liquid metal penetrates into the grain boundaries of the solid metal and causes 
intergranular corrosion. 

In hot hydrogen atmospheres, carbon or carbide in the metal is reduced to hydro¬ 
carbons such as methane, and the metal structure fails by high pressures and internal 
stresses. Hydrogen damage depends greatly on the temperature and the pressure (see 
Fig. 9.58). 
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14,3.1 L Failure of Nonmetallic Materials 

14,3.11.1. Organic Materials. Degradation of organic materials is a result of chemical 
attack by the penetration of chemical constituents from the corrodent. The mechan¬ 
isms and the phenomena depend on material composition, molecular structure, physical 
properties, and the operating conditions. 

There are many types of degradation of organic polymers and their composites. They 
include sorption, swelling, crazing, cracking, blistering, decoloration, decomposition, 
erosion, cavitation erosion, fatigue, and environmental stress cracking. 

Sorption is permeation by liquid or gas from the environment, resulting in swell¬ 
ing of the material. Swelling may be followed by dissolution into the solvent. This is 
generally not observed with cross-linked polymers. Crazing appears on the surface of 
polymer extrusions, caused mainly by internal stresses. Crazing may extend to cracking. 

Plastics suffer from cracking by impingement. Blisters are found on painted struc¬ 
tures and are caused by the penetration of solvent or water. Polymer-lined steels are 
prone to blistering, the formation of blisters being accelerated by the diffusion of water 
vapor when the lined surface is exposed to a hot solution. Discoloration occurs in a 
corrosive environment especially when the polymer is exposed to ultraviolet radiation. 
This is a consequence of the decomposition of the polymer and formation of double- or 
triple-bonded molecules. Erosion, cavitation, and fatigue are failures initiated by mech¬ 
anical stresses in a corrosive medium. Polyethylene is affected by embrittlement and 
cracking under tensile stresses. Degradation of other organic polymers by chemical and 
mechanical factors is termed environmental stress cracking. 


14.3.11.2. Inorganic Materials. Glass, carbon, graphite, bricks, and stoneware are 
sometimes used in the chemical process industries. Failure of these materials is caused 
by physical degradation (e.g., cracking, tipping, spalling) and chemical attack. 

Glass lining (of ca.l mm thickness) is provided to steel to prevent it from corrosion. 
However, glass lining fails because of pinholes, tipping, “fish-scale,” thermal shock, 
mechanical damage, and chemical attack. 

Carbon and graphite are oxidized in aqueous solutions and by air at high tem¬ 
peratures. Solution and gases can penetrate into the micropores and cause physical 
and mechanical attack. Impregnating carbon and graphite with polymers makes them 
impervious, extending their useful life by 5 to 10 years. 


14.4. MATERIAL SELECTION 

There are several factors that must be considered in great detail when selecting materials 
of construction. Structural materials should offer not only corrosion resistance but also 
the needed mechanical strength. 

General information on the suitability of metals and alloys in various environments 
is available in the Corrosion Data Survey [13], which also shows the potential of pitting, 
see, intergranular attack, and crevice corrosion associated with the given material. 
Figures 14.20 and 14.21 are examples of the type of information provided. Corrosion 
Resistance Tables [14] is a similar publication available in two volumes. A Carpenter 
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FIGURE 14.20. Typical description in corrosion data survey-metals section [13]. (With permission from 
NACE International.) 
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FIGURE 14.21. Corrosiveness of sodium caustic and recommended practice [13]. (With permission from 
NACE International.) 
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HGURE 14.22. Classification of the corrosion resistance and mechanical strength of stainless steels of 
Carpenter’s Selectaloy”^^ method [21]. 


brochure [21] describes various materials from the viewpoint of both corrosion resistance 
and mechanical strength, as shown in Fig. 14.22 for stainless steels. Thus, 316 SS can 
be used instead of 304 SS if the corrosion resistance of 304 SS is unacceptable. On 
the other hand, 430 SS is acceptable in mild environments and is cheaper. Figure 14.22 
also emphasizes the need to consider mechanical strength and ease of machinability and 
weldability as well as corrosion resistance. 

Other design and fabrication considerations that must be addressed include: 
(1) residual stresses in the structure, (2) heat-affected zones near welds, (3) proper 
geometry for fluid flow, (4) structure of the heat transfer unit and its surface, (5) use of 
dissimilar metals, (6) gaskets and seals, (7) air leakage, (8) fluctuation in pressure, tem¬ 
perature, and flow rate, and (9) the ease of maintenance and overhaul. Internal stresses 
generated by cold work, welding, fabrication, and installation can cause SCC. Weld 
zones are structurally and compositionaily different from the bulk metal and may suffer 
localized corrosion. Sudden changes in operating pressure and flow velocity may gen¬ 
erate erosion corrosion, impingement attack, and crevice corrosion. Nonuniform heat 
transfer can lead to the formation of scale, causing local increases in temperature and 
corrosion. Use of dissimilar metals can cause galvanic corrosion. Direct contact between 
such metals should be avoided by design or by insertion of insulators. However, the insu¬ 
lating materials, gaskets, and seals may lead to crevice corrosion. Leakage of air may 
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accelerate general corrosion of carbon steel, while dissolved oxygen benefits stainless 
steel by passivating surfaces. 


14.5. CORROSION IN CHLOR-ALKALI OPERATIONS 
14.5,1. General Aspects 

Irrespective of the cell technology used for producing chlorine, the materials of construc¬ 
tion employed in a chlor-alkali plant encounter one or more of the following reactants: 
acid, oxygen, chlorine (gaseous or dissolved as CI 2 , HOCl, or OCP), caustic, and hydro¬ 
gen. All these species have the potential to degrade the materials they are exposed to. 
The cathodic reactions responsible for the oxidation of metals are: (1) O 2 reduction, (2) 
ion reduction, and (3) reduction of CI 2 , HOCl, or OCl“, as noted below. 


O 2 + 4H+ + 4e ^ 2 H 2 O (35) 

O 2 + 2 H 2 O + 4e ^ 40H" (36) 

2H+-h2e->H2 (37) 

HOCl -h H+ H- e Cr + H2O (38) 

OCr + 2H+ -h 2e ^ Cr + H2O (39) 

Cl 2 + 2e^2Cr (40) 


Note that the metal oxidation reaction releases electrons by the reaction M M"*" -h e. 
Iron is susceptible to oxidation by reaction (35) or (36), while Ni and stainless steels will 
corrode by reactions (37) to (40). Another reaction of interest in chlor-alkali operations 
is oxidation of Fe or Ni in alkaline media: 

Fe + 30H“ ^ HFeO" + H 2 O + 2e (41) 

Ni -f 30H~ ^ HNi02 + H 2 O -h 2e (42) 

The extent of oxidation of transition metals in NaOH solution is a function of 
NaOH concentration and temperature, as will be shown later. Most of the corrosion 
problems observed in chlor-alkali operations are traceable to the above reactions. By 
properly counteracting the reactants, many commonly reported corrosion problems can 
be avoided. 


14.5.2. Materials of Construction in Chlor-Alkali Operation 

The unit processes in a commercial chlor-alkali plant can be broadly classified as fol¬ 
lows: (1) Brine preparation and purification, (2) Electrolytic cells, (3) CI 2 processing, 
(4) Caustic concentration, and (5) H 2 processing. The materials of construction in these 
various processes are discussed in the following sections [22->24] and in Chapters 7 
and 9. 



CORROSION 


1329 


14.5.2.1. Brine Preparation and Purification. The various steps in the brine preparation 
and purification processes involve wide ranges of temperature, salt concentration, and 
pH. Each of these conditions affects the choice of materials of construction. The simplest 
systems may be based on carbon steel with a heavy corrosion allowance. 

The pH of raw brine is generally 6.5 to 7.5. It can be pumped through car¬ 
bon steel pipelines, which may be cathodically protected. Pipe bridges are protected 
from corrosion arising from oxygen reduction (Eqs. 35 and 36) by painting the outer 
surface or by cathodic protection. Underground lines may be wrapped or covered 
with protective material or cathodically protected. Alternatively, the piping can be 
rubber-lined carbon steel, fiber-reinforced polyester (FRP), vinylester, or a plastic such 
as PVC, PP, HDPE, fluorinated ethylene/propylene (FEP), or polytetrafluoroethylene 
(PTFE). Many of the same polymeric materials are used to line piping and equipment. 
The linings must be free of pores, or the brine will seep through and cause pitting 
corrosion. 

Purified brine often is heated and acidified before entering the cells, the pH usually 
being 1-3 at temperatures up to 75-80°C. Materials must be chosen to prevent corrosion 
under these conditions and must not contribute harmful impurities to the brine. To avoid 
damage by leakage currents, steel-based pipelines are cathodically protected by properly 
grounded target anodes. 

Heat exchangers in brine service are usually titanium or copper-nickel alloys, and 
pumps are made of Type 316 SS, Ni-Resist titanium, rubber-lined steel, or FRP. Storage 
tanks use many of the same materials employed in piping systems, the choice reflecting 
processing conditions and the importance of avoiding contamination. 

Concrete flooring in the brine area is liable to disintegration by brine, and it is 
protected by coating with materials such as magnesium or zinc fluosilicate, epoxy or 
silicone penetrating sealers, and drying oils. Concrete surfaces exposed to mechanical 
wear are treated with 3- to 6-mm thick epoxy surfacing materials. Sumps and trenches 
employ reinforced polyester or epoxy resin systems. 


14.5.2.2. Electrolysis 

14.5.2.2A. Electrolytic Cells. Mercury cells are constructed with carbon steel, and the 
surfaces in contact with chlorine are rubber-lined. Diaphragm cells are also fabricated 
with carbon steel bodies and FRP or vinylester covers. The external carbon steel surfaces 
are usually treated with a high performance catalyzed polyamide or amine-cured paint¬ 
ing system with 0.05-0.075-mm thick primer, 0.13-0.15-mm thick intermediate and a 
0.13-0.15-mm thick finish coat, the thicknesses referring to the dry films. 

The standard materials of construction of membrane cells are titanium on the anode 
side and nickel on the cathode side. Painting in a manner similar to that employed for 
diaphragm cells protects the external surfaces of these materials. 

14.5.2.2B. Cell Components. The anode material in all three chlor-alkali technologies 
is a titanium substrate, in the form of a mesh or a louvered structure, coated with Ru 02 -h 
Ti02 + Ir02 or Sn02. The coated titanium mesh is welded to a titanium copper bar with 
a copper stud thread at one end to fix the anode to the anode base. The anode base 
has recessed holes with a copper washer or facing so that the copper anode stud makes 
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a good electrical contact- It is covered with an ethylene-propylene-diene (EPDM) blanket 
to prevent the anolyte from seeping to the copper base. However, because of aging of the 
blanket or poor assembly, the anolyte can seep through and corrode the copper facing or 
the washer, resulting in poor contact and higher ohmic drop. This is called ring corrosion. 
This is generally prevented by good housekeeping. 

The cathode material is carbon steel in diaphragm cells, and nickel, often with a 
catalytic coating in membrane cells. As discussed in Section 4.6.6, exposure to anolyte 
containing active chlorine (CI 2 , HOCl, and OCl“) without cathodic protection is the 
primary reason for the corrosion of these components, unless the cathode coating is 
pore-free and noble metal based. Another species contributing to the corrosion of iron 
and nickel is the hydroxyl ion in the catholyte. 

Steel cathodes in diaphragm cells are prone to corrosion when they are insuffi¬ 
ciently cathodic during operation or when they are under open circuit conditions (e.g., 
during shutdowns). Corrosion under open circuit conditions is a direct consequence of 
(1) inherent thermodynamic instability of iron below a pH of 10 and above a pH of 14 
due to the reactions, 


Fe + 2H+ ^ Fe^+ + H 2 (pH < 8) 

Fe + 2 H 2 O -> Fe^+ + 20H- + H 2 (pH 9-10) 

Fe + OH~ + H 2 O ^ HFe02 + H 2 (pH > 14) 


and, (2) reaction of iron with hypochlorite as: 


Fe + OCr + H2O -> Fe++ + 20H- + CP 


Corrosion rates determined under static conditions with steel coupons at 90°C at 
pH 4 and 11 in 300 gpl NaCl solutions in the presence of 0 to 6gpl NaOCl, with and 
without sodium sulfite additions, showed (Fig. 14.23 and Table 14.8) that corrosion 
rates: 

1. increase with increasing OCl” concentration at pH = 4 and pH = 11, 

2 . increase with increasing temperature, 

3. decrease with increasing pH (~50% as pH increases from 4 to 11), 

4. decrease by >90% when an excess of sodium sulfite is added. 

The corrosion rate of iron under these conditions can be reduced either by cathodic 
protection during shutdowns or by adjusting the pH of the medium to a value where iron 
is stable. The latter approach is commonly practiced in the chlor-alkali industry. 

The corrosion rates of Fe during shutdowns can be estimated from the corrosion 
data in Fig. 14.23 and Table 14.8 to develop appropriate measures to reduce its extent. 
It is necessary to raise the pH of the anolyte and rapidly add a reducing agent to ensure 
minimal corrosion of the cathode. 

Corrosion rates estimated for three shutdown sequences are illustrated in Fig. 14.24. 
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FIGURE 14.23. Corrosion rates of iron in brine solutions at pH = 4 and 11. 


TABLE 14.8. Corrosion Rate of Iron in 300 gpl NaCl 
Solutions 


Additive(s) 

pH 

Temperature 

Corrosion rate 
(mm year“^) 

0 gpl hypo 

11 

90 

7.62 X 10“® 

1gplhypo 

4 

90 

3.04 X 10-3 

3 gpl hypo 

4 

90 

1.14 X 10-2 

1 gpl hypo 

11 

20 

1.52 X lO-'^ 

1gpl hypo 

11 

90 

7.62 X 10-^ 

3 gpl hypo 

11 

90 

6.09 X 10-3 

6 gpl hypo 

11 

90 

1.82 X 10-2 

3 gpl hypo + 5 gpl Na 2 S 03 

4 

90 

1.01 X 10-3 

3 gpl hypo + 5 gpl Na 2 S 03 

11 

90 

1.27 X 10-^ 

6 gpl hypo + 10.2 gpl Na 2 S 03 

11 

90 

1.02 X 10-3 


14.5.2.2C. Cell Room, The cell-room environment is very corrosive because of the 
presence of brine, caustic, and wet chlorine, and hence the structural steel is generally 
protected against exposure to these corrodents. Following the preparation of the surface 
of the steel to a near-white metal state, it is coated first with 0.05-0.075 mm of organic 
zinc or polyamide epoxy primer and then with 0.13 mm of catalyzed polyamide or 
amine-cured paint. The siding and roofing materials are generally FRP or vinylester 
panels. 

Walkways are fabricated with FRP grating. All concrete surfaces in the cell room 
are constructed with fusion-bonded epoxy coated steel reinforcing bars, and Type V 
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FIGURE 14.24. Shutdown schemes. 

Portland cement, providing a minimum compressive strength of 30,000 kPa and sloped 
at 2%. Cell pedestals, equipment supports, floors, and trenches, formed of concrete, are 
covered with 3-6 mm thick, three-component silica or glass fabric-reinforced bisphenol 
A epoxy, using an aromatic amine catalyst curing system. Three-millimeter thick PVC, 
PP, and PE thermoplastic sheet stocks are the latest materials, which are attached to 
concrete structures as a permanent surface with their seams welded and spark tested, 
used to protect floors, equipment pads, trenches, etc. The materials of construction in 
the cell renewal area are the same as those used in the cell room. Corrosion in these 
process areas can be brought to a minimum by good housekeeping to restrict and confine 
the corrosive fluids. 

Another important issue in any cell room is the stray or leakage currents [25] that 
flow through the electrolyte feed and discharge headers into grounded equipment. The 
leakage currents flow from the cells through a header to a reactor or tank. The current 
depends on the voltage difference between the electrolyte in the cells and at the target 
and on the resistance of the electrolyte. Depending on the polarity of the current that 
the metallic pipes are exposed to, one has to either anodically or cathodically protect 
the pipes. Anodic protection of the flanges is achieved by using concentric titanium 
rings coated with the DSA coating, to ensure the titanium flange area from reaching the 
breakdown voltage of Ti02, which is about 11.5 V. Cathodic protection, on the other 
hand, is imposed by titanium blades. These require periodic replacement because of 
hydride formation. 

Titanium is stable in chlorine-containing brine solutions. However, it is prone 
toward crevice corrosion in the sealing areas and gaps between welded titanium struc¬ 
tures, as titanium can be anodically oxidized to TiOj either from Ti or Ti02 or to Ti^^, 
the corresponding cathodic reaction being the chlorine reduction reaction or the hydrogen 
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evolution reaction. This tendency of titanium [26] toward crevice corrosion, particularly 
in the gasketed areas, often can be avoided by the use of alloys containing Ni and Mo, 
the highest level of resistance is offered by alloys with Pd or Ru, These catalyze the 
hydrogen evolution reaction and will lower its potential to the region where Ti 02 is 
stable. Alternatively, the titanium surfaces can be coated with Ru02. 

The industry standard material of construction for chlorine headers is FRP with a 
resin-rich inner barrier. The main polyesters used in chlorine headers are Hetron 197-3, 
Hetron 998/35, and Derakane 5ION. Hetron 197-3 has been popular for many years. It 
is being replaced by 510-N. The 197-3 resin provides the inner corrosion barrier. The 
outer layer is 197-3 ATP, which contains antimony to give flame retardant properties. 
The latter resin is replaced in the new Hetron resin FR 998/35 by a brominated vinylester 
with superior flame retardant characteristics. 

The chlorine headers popular in Europe are dual laminate headers, which are pre¬ 
ferred over FRP for environmental reasons. The dual laminate has an inner ring of 
less brittle PVC-C of 5-mm thickness for corrosion protection and an outer layer of 
10-15 mm thickness of FRP for structural strength, the intermediate layer being 5 mm 
of resin-rich FRP 5 ION or 197-3. The outer layer contains a flame retardant and is 
added after the dual laminate is stress relieved. The chlorinated PVC (CPVC)/FRP 
dual laminate header is fabricated from CPVC tubing up to 60 cm in diameter. The 
dual laminate headers have a life of 8-10 years vs the 6-12 years of life of FRP, at 
a comparable cost. 

Other materials that are available include ABS pipe P-72, supplied by Prince Rubber, 
and Halar wrapped with FRP. P-72 is prone to cracking at temperatures above 90°C and 
Halar-FRP laminate is reported to crack in chlorine gas service. 

Titanium chlorine headers are used in Europe and are claimed to reduce the amount 
of chlorinated organics and other nonvolatile residues in gaseous and liquid chlorine. 
However, it suffers from crevice corrosion near the welds. The use of titanium headers 
for pressure operation of membrane cells is discussed in Section 8.4.1.1 A. 


14.5.2.3. Chlorine Systems. The choice of construction materials for chlorine service 
depends on equipment design and operating conditions. Figure 14.25 shows the corrosion 
resistance of various materials to dry chlorine, wet chlorine gas, and chlorine in aqueous 
solution [27]. 

Dry chlorine, with less than 40 ppm by weight of water, can be handled safely 
below 120°C in equipment made from iron, steel, stainless steels. Monel, nickel, copper, 
brass, bronze, or lead. Silicones, titanium, and high surface area materials such as steel 
wool should be avoided. Titanium ignites spontaneously in dry chlorine. Steel reacts 
with chlorine at an accelerated rate at high temperatures, igniting at about 250°C. Ti is 
passive [28] in the presence of 0.5 wt% moisture (Fig. 14.26). The presence of organic 
substances or rust increases the risk of steel ignition. For dry chlorine, carbon steel- 
Schedule 80 pipe is used in sizes up to 15-cm diameter and schedule 40 is satisfactory 
for large diameter pipes. 

Liquid chlorine is generally stored in vessels made from non-alloyed carbon steel 
or cast steel. Fine grain steel, stress-relieved and subjected to Charpy impact tests for 
low temperature impact resistance [29], is used. Erosion of the protective layer on steel 
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FIGURE 14.25, Corrosion resistance of structural materials to chlorine [27]. 


is prevented by keeping flow velocities less than 2ms“^ Organic materials, zinc, tin, 
aluminum, and titanium are not acceptable in dry chlorine service. Copper, silver, lead 
and tantalum are acceptable for some equipment. 

Wet chlorine is extremely corrosive, attacking most common metals except Hastei- 
loy C, titanium, and tantalum. Surface oxide films protect these metals from attack by 
the acids formed in chlorine hydrolysis. Tantalum is an ideal construction material for 
service with wet and dry chlorine. However it is expensive and normally used only 
in instruments such as transmitters, diaphragms, transducers, and thermowells. FRP 
is used for wet chlorine. Rubber-lined steel is also suitable for wet chlorine gas up 
to about 100°C. At low pressures and low temperatures, PVC, CPVC, and reinforced 
polyester resins are also used. Polytetrafluoroethylene (PTFE), polyvinylidene fluoride 
(PVDF), and polytetrafluoroethylene-hexafluoropropylene (FEP) are resistant at high 
temperatures. Other materials stable to moist chlorine include graphite and glass. 
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FIGURE 14.26. Water content required to passivate titanium in chlorine gas [28]. 


PTFE is resistant to liquid chlorine and to both wet and dry chlorine gas up to 
200°C. Tantalum, Hastelloy C, PTFE, PVDF, Monel, and nickel are recommended for 
membranes, rupture discs, and bellows. The materials of construction for heat exchangers 
and tanks are generally titanium or Ti-clad, rubber-lined carbon steel, PTFE-lined carbon 
steel to handle wet chlorine gas or aqueous solutions containing chlorine. 

Dechlorination operations are generally carried out in epoxy-coated or titanium 
tanks, with FRP piping and titanium pumps. Sulfuric acid drying of chlorine is usually 
in brick-lined towers. 

It is pertinent to note here that the quantity of heat generated by the reaction of 
chlorine depends on the amount of moisture and organics present in the system. The 
enthalpy changes (kcal mol“^) associated with some relevant reactions are noted below. 


Cl 2 (g) + H20(1) ^ HOCl(aq) + HCl(aq) AH 

Fe -h HOCl(aq) + HCl(aq) ^ FeC^Caq) + H20(l) AH 
Fe -h 2HCl(aq) FeCl 2 (aq) + H 2 (g) AH 

H2(g)+Cl2(g)^2HCl(g) AH 

R-H(l) + Cl2(g) ^ R-Cl(l) + HCl(g) AH 


-hO.29 

-100.29 

-20.30 

-44.12 

-30.00 


Simple heat balance calculations reveal that the AH associated with the first two 
reactions alone can result in excessive temperatures that can lead to combustion. 

Corrosion in chlorine-handling operations is primarily a result of moisture entering 
the system. Therefore, it is imperative that moisture be excluded, especially if there is 
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TABLE 14.9. Corrosion Rates of Metals in 5 to 50% NaOH 




Corrosion rate (mm/y) 


Metal 

5-10% NaOH 
(2PC) 

10 % NaOH 
(82°C) 

15% NaOH 
(88°C) 

30-50% NaOH 
(82°C) 

Titanium 

0.001 

nil 

_ 


Zirconium 

0.005 

0.002 

— 


Nickel 

0.005 

0.00008 

0.005 

0.0025 

Monel 

0.007 

nil 

0.0012 

0.005 

Inconel 

0.001 

nil 

0.0007 


Mild steel 

0.1 

0.015 

0.205 

0.0925 

Cast iron 

— 

— 

0.205 

0.175 

Ni-Resist Type 1 

— 

— 

0.073 


Cu-Ni-Zn 

(75-20-5) 

— 

— 

— 

0.0125 

Copper 

— 

— 

— 

0.057 

Chrome steel 
(14% Cr) 




0.825 


a high surface area for reaction (e.g., packings). Organics must also be removed from 
the metallic surfaces before admitting chlorine. 


14.5.2.4, Caustic System. Table 14.9 gives data on the corrosion behavior of some 
metals at various concentrations of caustic [30]. 

Metals such as aluminum, tin, and zinc and their alloys are unstable in NaOH 
solutions since they spontaneously form oxyanions of the type MO 2 , where M is Al, 
Sn, or Zn. Nickel, iron, and their alloys are more stable and are widely used in caustic 
service in the chlor-alkali industry. 

Failure of Ni and Fe in caustic solutions is a consequence of: 

1. Formation of anions of the type described by the following reactions: 

Ni + H 2 O + OH” ^ HNi02 + H 2 (43) 

Fe + H 2 O + OH- HFe02 + H 2 (44) 

2. Oxidation of Fe and Ni following the reduction of OCl” or CIO^ ions. 

3. Caustic embrittlement or see. 

Potential-pH diagrams for Fe [31] and Ni [32] at various temperatures, presented in 
Figs. 14.27 and 14.28, show that these metals dissolve in highly concentrated NaOH 
solutions, and that the corrosion domains become larger as the temperature increases. The 
active dissolution of iron or nickel in NaOH is accompanied by the cathodic generation 
of H 2 during the corrosion process as represented by the reaction schemes (43) and (44). 
The hydrogen can diffuse into the metal, causing hydrogen embrittlement and SCC. 
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pH 



pH 



FIGURE 14.27. Potential-pH diagrams for Iron-H20 system at elevated temperatures. Lines marked a and b 
represent reactions 8 and 9 respectively [31]. (With permission from Elsevier.) 

Carbon Steel Carbon steel is commonly used without danger of SCC up to 50% NaOH 
and 54°C. At high NaOH concentrations and temperatures, welds and stressed zones 
are prone to failure unless stresses are relieved. Figs. 14.29 and 14.30 show the caustic 
embrittling characteristics of steels and nickel alloys [33, 34]. 

Corrosion of steels and nickel alloys in NaOH and KOH solutions is promoted by 
OCl~. Even one ppm of OCl“ in NaOH will promote the corrosion process, which 
leads to dendritic growth of oxides of Fe, especially in stressed areas. Such a process in 
membrane cells fitted with steel cathodes can lead to the puncturing of the membranes. 
The only way to prevent such an event is to add a reducing agent (e.g., H 2 O 2 or Na 2 S 03 ) 
to remove the OCl“ during shutdowns. 

The effect of chlorate on the corrosion rate of Fe was studied [34] and it was reported 
that iron and steel corrode in 50% NaOH at 80°C at concentrations above 1% or below 
0.01%. The corrosion rate decreases rapidly at concentrations of >1% and <0.01% 
NaClOs, because of the formation of passive surface layers (Fig. 14.31). Iron and steel 
passivate in concentrated NaOH at noble potentials in the presence of dissolved oxygen. 
However, the passive film is pitted in the presence of chloride ions [35], as shown in 
Fig. 14.32. 

One of the problems with the use of carbon steel for the storage of caustic is iron 
contamination. This can be avoided by protecting the tanks with nonmetallic coatings 
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FIGURE 14.28. Potential-pH diagrams for Nick;el-H20 system at elevated temperatures. Lines marked a and b 
represent reactions 8 and 9, respectively. 0 and —6 refer to the logarithm of the concentration of the ionic 
species in moles per liter [32]. (Reproduced with permission of The Electrochemical Society, Inc.) 
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FIGURE 14.29. Temperature and NaOH concentration limits for caustic cracking of carbon steel. 
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FIGURE 14.30. Regions of caustic cracking of metals and alloys. (Courtesy of M. Okubo.) 



FIGURE 14.31. Effect of NaC 103 on the corrosion rate of iron and steel at 80°C [34]. Open points: 0% NaCl; 
Closed points: With 1% NaCl; Circles: carbon steel; Triangles: Cast iron. (Courtesy of M. Okubo.) 


or linings or by using nickel or stainless steel tanks. Nonmetallics useful for caustic 
service within their normal temperature limits include PVC, polypropylene, phen- 
olics, PTFE, FEP, PVDF, natural rubber, neoprene, halogenated polyesters, and 
chlorosulfonated polyethylene. 
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pH pH 

FIGURE 14.32. Pourbaix diagram of iron in aqueous solutions containing 0.01 gpl chloride [35]. (With 
permission of NACE International.) 


Stainless Steel A comparison of corrosion rates in hot concentrated NaOH solutions as 
a function of the nickel content in the alloys shows that nickel is extremely resistant to 
NaOH. Stainless steels are acceptable for caustic service, if the pickup of iron in caustic 
is acceptable. Typical corrosion rates of nickel and nickel alloys [36] are presented in 
Fig. 14.33. Table 14.10 depicts the typical composition of various stainless steels cited 
in Figs. 14.33 to 14.35. 

Austenitic stainless steels show uniform corrosion and intergranular corrosion in 
NaOH solutions. Figures 14.34 and 14.35 illustrate the corrosion rate of materials in 
boiling 30% NaOH and 50% NaOH solutions, determined by weight loss measurements 
and linear polarization methods in hydrogen-saturated solutions [36]. These results gen¬ 
erally show the corrosion rates to decrease with increasing nickel content in the alloy. 
It should be mentioned that the weight loss data obtained with 310 SS, Ni, and high Ni 
alloys are not reliable, as they passivate in hot 50% NaOH solutions. The reason for the 
high corrosion rates of Fe-Cr-Ni alloys was found to be the preferential dissolution of 
Fe and Cr [35-40]. Cu dissolves from Monel 400 [41,42] and Mo from Mo-containing 
alloys such as Type 316 SS and alloy 825 in hot concentrated NaOH. 

The corrosion behavior of nickel-based alloys was significantly influenced by the 
presence of oxygen or hydrogen in the solution. These materials exhibited reversible 
hydrogen electrode potential in hydrogen-saturated solutions. However, in oxygen- 
saturated solutions, they corroded by the diffusion of oxygen through the porous 
j3-Ni(OH)2 layer formed in the passive region on the surface. 

Since austenitic stainless steels are susceptible to pitting and intergranular corrosion 
in the presence of chloride ions, other materials were examined for caustic service 
[43-47]. These include Fe-Cr alloys, which are resistant to SCC. However, these alloys 
are brittle and suffer from 475embrittlement and sigma embrittlement. A popular 
alloy that was examined for the caustic evaporator service was E-Brite-26-1, containing 
26% Fe and 1% Mo, which exhibited performance characteristics comparable to that of 
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FIGURE 14.33. Corrosion rate as a function of the nickel content in alloys in boiling 40% NaOH solutions. 
(Data taken from [36].) 


TABLE 14.10. Chemical Composition of Austenitic^ and Ferritic Stainless Steels 


Chemical composition (wt%) 



C 

Si 

Mn 

P 

S 

Ni 

Cr 

Mo 

N 

Other 

AISI 304 

0.06 

0.54 

0.81 

0.031 

0.002 

8.48 

18.91 

_ 



AISI316A 

0.04 

0.5 

1.63 

0.03 

0.002 

13.12 

16.5 


2.35 


AISI316B 

0.06 

0.45 

1.67 

0.033 

0.002 

12.91 

16.58 

2.21 

— 


AISI 305Ji 

0.02 

0.4 

0.82 

0.029 

0.002 

12.96 

17.08 

— 



Type 405 

0.08 






12.5 

— 

— 

0.2 (Al) 

Type 430 

0.08 






14-18 

— 

0.02 


Type 446 

0.08 






23-27 

— 

0.03 


High purity 

0.002 






12-30 

0to2 

0.008 



Fe-Cr 


^Heat treated at 1150^C for 3 to 5 min. 
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FIGURE 14.34. Corrosion rate of various materials in 30% NaOH solutions at 117®C as a function of the 
nickel content. Solid lines: Electrochemical technique in solutions exposed to air; Dashed line: Weight loss 
measurements in hydrogen-saturated solutions [36]. 



FIGURE 14.35. Comparison of weight loss data with the electrochemical results with carbon steel and 
austenitic stainless steels in boiling 50% NaOH solutions [36]. 
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FIGURE 14.36. Corrosion rate of Nickel in 800 gpl NaOH at 158°C. •: NaOH; o: NaOH + C10“; A: NaOH + 
solids; A: NaOH + CIO^ +soIids; <>: Synthetic first-effect liquor; x: Plant first-effect liquor [48]. (Reproduced 
with permission of The Society of Chemical Industry.) 


nickel. However, it suffered from serious intergranular corrosion problems, which were 
attributed to changes in the metallurgy and chemistry of this material. E-Brite 26-1 is 
not used in new caustic evaporators. 


Nickel Nickel is the ideal material for handling caustic at all concentrations and temper¬ 
atures, including molten anhydrous caustic up to 480°C. Nickel and its alloys are used 
for vapor bodies, piping, and heat exchangers in evaporator systems and for operations 
where high solution velocities are encountered (e.g,, centrifugal pumps). 

Thermodynamically, nickel should corrode in concentrated NaOH solutions by 
reaction (43). Studies [48] in 50% NaOH solutions reveal the corrosion rate of nickel to 
be dependent on solution velocity and temperature (Figs. 14.36 and 14.37). However, 
the presence of salt and chlorate in caustic has been found to have no influence on the 
corrosion rate of Ni-200. It has also been shown that welds and weld zones are prone to 
higher rates of corrosion by a factor of 10-20, depending on the nature of the weld and 
the methods employed to relieve stress. 

The presence of hypochlorite in caustic is deleterious to nickel evaporators, for¬ 
cing the oxidation of nickel to Ni(OH) 2 , HNi02, or HNiOJ. Chlorate has no influence 
on the corrosion rate of nickel, based on the data in Figs. 14.36 and 14.37 and the 
chloride-chlorate material balance around a caustic evaporator producing 50% NaOH. 
However, it has profound influence on nickel corrosion in anhydrous caustic concentra¬ 
tions. The reason for nickel corrosion in this system arises from the fact that chlorate 
decomposes above 250°C to chloride, releasing oxygen according to the reaction. 


2NaC103 2NaCl + 302 


(45) 
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FIGURE 1437. Effect of temperature on the corrosion rate of Ni-200 and Ni welds at a Reynolds number 
(for a tube) of 1.5 x 10^ in 800 gpl NaOH solutions [48]. (Reproduced with permission of The Society of 
Chemical Industry.) 


The oxidation of nickel follows as: 


O 2 + 2 H 2 O + 4e ^ 40H" (46) 

Ni + 20H" ^ HNiOj + H+ + 2e (47) 

Chlorate corrosion in anhydrous caustic evaporator systems is prevented by decom¬ 
posing chlorates with additions of sucrose or sugar [49]. The amount of sugar added with 
mercury-cell caustic is generally around 0.24 to 0.36 kg per dry ton of NaOH. 

Corrosion of nickel in caustic evaporators can be minimized [50] by reversing the 
reaction (43) by providing hydrogen either directly or by adding compounds such as 
NaBH 4 or N 2 H 4 , which decompose to provide H 2 as: 

NaBH4 -h 2 H 2 O ^ NaB02 + 4H2 (48) 

N 2 H 4 ^ N 2 + 2 H 2 (49) 


This in ^/fM-generated hydrogen reverses reaction (43) thereby protecting the nickel from 
corrosion. 
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FIGURE 14.38. Variation of Ni content in 50% NaOH with the concentration of NaBH 4 [48]. (Reproduced 
with permission of The Society of Chemical Industry.) 


TABLE 14.11. Influence of NaBH^ on the Corrosion Rates of Materials in NaOH 


Corrosion rate (g m ^ hr) 



Without additive 

With additive 

Ni/50% NaOH (160°C) 

0.2-0.3 

0.01-0.03 (5-50 ppm NaBH 4 ) 

Ni/50% NaOH (160°C) 

0.2-0.3 

0.02 (with 20-100 ppm N 2 H 4 ) 

Ni/50% NaOH (160°C) 

0.2-4).3 

0.08 (with H 2 fed at a constant rate) 

321 SS/33% NaOH (70°C) 

0.06 

0.018 (with 300 ppm NaBH 4 ) 

316 SS/33% NaOH (TO^^C) 

0.12 

0.02 (with 300 ppm NaBH 4 ) 

E-Brite 26-1/50% NaOH (170°C) 

0.15 

0.15 (with 5-50 ppm NaBH 4 ) 


Plant tests show that the nickel corrosion rate cein indeed be controlled very easily 
with addition of small amounts of NaBH 4 (Fig, 14,38), These tests also show that the 
NaClOa levels are unaltered in the presence of NaBH 4 , reiterating that NaC 103 is not 
causal for the corrosion of nickel in 50% NaOH solutions. The beneficial effects of 
NaBH 4 addition toward suppressing the corrosion of nickel and other materials are 
presented in Table 14.11. 

This technology is currently used in most of the chlor-alkali plants in the United 
States and some in Europe. 

Table 14.12 describes the materials of construction now used in the industry, along 
with the type and source of corrosion in various operations. The individual applications 
are discussed throughout the text, primarily in Chapters 9 through 11. 
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TABLE 14.12. Materials of Construction in a Chlor-Alkali Plant 


Equipment 

Corrosive Species/ 

Type of Corrosion 

Material of Construction 

Brine Section 



Vessels and tanks 

H+/General 

Rubber-lined carbon steel, fiberglass 

(i.e., salt saturators. 


reinforced polyester, spray or trowel- 

clarifiers, chemical 


applied organic linings, Ti lined carbon 

storage, and brine 


steel, carbon steel with 3.2 mm 

storage) 


corrosion allowance. 

Pumps 

H'^/General 

Ti, rubber-lined steel 

Heat exchangers, ejectors 

H'‘‘/General 

Ti, Monel 

Brine valves 

H+ZGeneral 

FRP body with rubber diaphragm, PTFE 

Brine pipelines 

Electrolytic Section 

H+/General 

Cast iron, carbon steel, FRP, PVC, PP, 
rubber-lined steel 

Cell room foundation 

H+, OCl“, mechanical/ 

Concrete coated with fluosilicates of Zn or 

Electrolytic cell 

General 

Mg, epoxy, or silicone penetrating sealers 

Cell covers 

Chlorine/General 

FRP, Telene 

Cell bottom 

Chlorine/General 

Mild steel, steel shell plasma sprayed with 
borides, nitrides of Ti or Ta, EPDM or 
neoprene covered carbon steel 

Sleeves 

Chlorine/General 

CPVC 

Seals 

Chlorine/General 

Neoprene, PVC, polyvinylidene fluoride 

Doglegs 

Chlorine/General 

FRP, PTFE 

Feed and return 
brine headers 

Chlorine/General 

FRP 

Caustic headers 

OH “/General 

Ni or Ni-clad steel 

Wet CI 2 headers 

OCl”/General 

FRP 

Water fed to cells 

H'^/General 

High density PE or PP 

Anodes 


Ti coated with Ti02 + noble metal oxides 

Cathodes 


Steel, Ni 

Diaphragms 

Chlorine Section 


Asbestos stabilized with Teflon or Halar; 
non-asbestos diaphragms, ion-exchange 
membranes (perfluorinated) 

Chlorine blowers 

OCl”/General 

Ti or FRP 

CI 2 gas coolers 

OCl“/General 

Ti tube and mild steel shell 

CI 2 system—wet 

OCl “/General 

Hard rubber, PVC, PP, Ti, FRP 

Drying tower 

OCl “/General 

FRP, carbon steel with 3.2 mm corrosion 
allowance and lined with asphaltic rubber 
or PVC membrane followed by lining with 
acid-resistant brick (10 cm minimum 
thickness) joined by corrosion-resistant 
silicate mortar. 

Acid coolers 

OCl “/General 

PTFE exchanger; stainless steel or, Hastelloy 
plate exchangers; shell-and-tube 
exchangers 

Pipelines 

OCl “/General 

FRP for wet chlorine and mild steel for dry 
chlorine 
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TABLE 14.12. continued 


Equipment 

Corrosive Species/ 

Type of Corrosion 

Material of Construction 

Trims 

OCr/General 

Monel or Hastelloy 

Acid pumps 


Alloy 20 

Mist eliminator, wet gas 


FRP, glass or polyester fiber elements 

Mist eliminator, dry gas 


Carbon steel, glass fiber elements held in 
stainless steel 

CI 2 scrubbers 

H2S0/^ Handling 

OCl “/General 

Brick-lined, Ti 

Pumps 

Erosion corrosion 

Ni or Mo-Cu alloys (e.g., Durimet or Alloy 20) 

Vessels 


Carbon steel with a minimum 3.2 mm corrosion 
allowance, steel lined with 6.35 mm 

PVC-lined P^RP dual laminate or PVC 

Piping 


Extra heavy carbon steel, PVC-lined FRP 
or steel 

Valves 

Caustic System 


Alloy 20, Durimet 20, or ductile Fe plug 
valves with PTFE liners 

Vessels 

OH“/General 

Carbon steel lined with 0.5 mm of neoprene 
or baked-on phenolic, Ni or Ni-clad steel, 

316 or 304 SS 

Evaporators 


Ni or Ni-clad steel 

Pumps 


Ni or Durimet 20 

Piping 

HCl Section 


Steel or Ni or Ni-clad steel 

Vessels 

H'^/General 

PP, FRP or rubber-lined steel 

Pumps 

H”*"/General 

Epoxy or rubber-lined steel, PTFE 

Piping/valves 

Hydrogen Section 

H+/General 

Unplasticized PVC or CPVC, rubber-lined 
steel 

Vessels 

H 2 entry into metals/ 

Carbon steel 

Compressors/blowers 

General 

Carbon steel 

Piping/Valves 


Fe or Fe with bronze, SS, or Ni trim 
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Alternative Processes 


15.L INTRODUCTION 

Chlorine is produced not only by the electrolysis of sodium chloride solutions but 
also from HCl, KCl, and other metal chlorides, by both chemical and electrochem¬ 
ical methods. The amount of chlorine from alternative processes is about 5.9% of the 
total world production. In the United States, it was about 4.0% of the total in 2002 [1], 
Most of this chlorine was from the electrolysis of KCl in mercury or membrane cells 
(Table 15.1) and from HCL Only small amounts are produced by the electrolysis of other 
metal chlorides. 

There is thus very little independent production of chlorine and the principal alkalis, 
NaOH and KOH. The inability of producers to vary the nearly constant ratio of chlorine 
to alkali is a constant problem to the industry. Market conditions from time to time 
make it important to separate some of the production. Plants dedicated to chlorine or 
sodium hydroxide then may appear. The processes involved in these plants also have great 
historical interest, and therefore most of this chapter is dedicated to them. Section 15.2 
covers the production of chlorine, and Section 15.4 covers the production of caustic soda. 
Section 15.3 recognizes the separate importance of hypochlorites. These require the 
combination of chlorine with an alkali material and are not examples of the independent 
manufacture of the two. However, their major use is as latent sources of chlorine, and 
they are considered members of the “active chlorine” family [2]. Their characteristic use 
in sanitation or bleaching depends on the fact that the chlorine in the hypochlorite group 
is in the -{-1 oxidation state and is a strong oxidizer. 


TABLE 15.1. Chlorine from Alternative Processes in 2002 


Source 

% of world production 
of 3.1 million tons 

% of US production 
of 0.52 million tons 

KCl 

54.0 

62.5 

HCl 

39.0 

15.3 

Metal production 

6.7 

20.2 

Other 

0.3 

2.0 
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The primary alternative source of chlorine is HCl. Two reasons for this are the long 
history of development of technologies for the conversion of HCl to chlorine and the 
abundance of byproduct HCl from chlorination reactions. This abundance results from 
the chemistry of chlorination processes. Some organic chlorinations, such as those that 
produce many of the chlorinated solvents and intermediates, are substitution reactions. 
They produce HCl directly: 


RH + CI 2 ^ RCl + HCl (1) 

In other cases, the addition of chlorine to saturate an olefin is followed by dehydro¬ 
chlorination to yield a monochlorinated olefin. This occurs in the manufacture of vinyl 
chloride monomer (VCM), the largest single consumer of chlorine. First, ethylene is 
converted to ethylene dichloride (EDC): 

C 2 H 4 + CI 2 ^ CH 2 CI-CH 2 CI (2) 

Pyrolysis of the EDC then forms VCM: 

CH 2 CI-CH 2 CI ^ CH2=CHC1 + HCl (3) 

Once again, half the chlorine used in the process goes to HCl. 

Another large-scale application of chlorine is the production of isocyanates. The 
standard process is the phosgenation of amines. Most plants produce the necessary 
phosgene on site, from chlorine and carbon monoxide: 

CO + CI 2 ^ COCI 2 

Substitution of the hydrogen atoms in the amine group then releases HCl: 

RNH 2 + COCI 2 ^ RNCO + 2HC1 

The role of chlorine in isocyanate manufacture is that of a carbonyl carrier, and all the 
chlorine value becomes byproduct HCl. 

The production of fluorocarbons is often by hydrofluorination: 

RC1 + HF->RF + HC1 

Again, generation of HCl is separate from the use of chlorine in the process. Some 
fluorocarbon producers purchase the substrate compound, designated above as RCl. 
Normally, it is the product of substitution chlorination, as in Eq. (1), and most often 
carries more than one chlorine atom per molecule. Substitution of chlorine on the organic 
molecule by fluorine then may not be complete, and the net conversion of chlorine to 
HCl may be anywhere between 50 and 100%. 

Table 15.2 shows the amount of HCl generated by various processes, along with the 
percentage of the chlorine used that becomes part of the product molecule [3]. The first 
data given for fluorocarbons pertain to the hydrofluorination process only. The starting 
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TABLE 15.2. Generation of HCl and Utilization of Chlorine 


Product 

kg HCl/kg product 

% of CI 2 into product molecule 

Vinyl chloride 

0.58 

50 

Toluene diisocyanate 

0.84 

0 

HCFC- 22 (fromCHCl 3 ) 

0.84 

N/A 

CFC-11 (ffomCCU) 

0.27 

N/A 

HCFC-22 (from CH 4 ) 

2.11 

17 

CFC-11 (fromCH 4 ) 

1.33 

38 


TABLE 15.3. Sources of 
HCl in the United States 


Source 

% of Total 

VCM 

52 

Solvents 

17 

Isocyanates 

11 

Fluorocarbons 

6 

Synthesis 

7 

Other 

7 


Note: Data are for the year 1995 


ingredients are chlorinated solvents. The second listing for those materials shows data 
calculated for a hydrocarbon starting material (methane in both cases). 

The first column of data shows that solvents are a rich source of byproduct HCl. 
Production data from 1995 [3], shown in Table 15.3, indicate that they are the second- 
largest source in the United States. About 93% of the approximately 7 million tons of 
HCl is a byproduct of other operations, a typical result for the United States. 


15.2. PRODUCTION OF CHLORINE WITHOUT CAUSTIC 
75.2.7, Oxidation Processes 

15.2. LL Oxidation of Salt. Salt can be decomposed by strong acids. The Mannheim 
process was used for many years to produce HCl and salt cake from salt and sulfuric acid: 

2NaCl + H 2 SO 4 2HC1 + Na 2 S 04 

An oxidizing acid can, at the same time, oxidize the chloride to produce molecular 
chlorine. With nitric acid, for example, 


3NaCl + 4 HNO 3 NOCl + CI 2 + SNaNOs + 2 H 2 O 
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The latter process remained in operation well into the second half of the 20th century [4]. 
The reaction takes place between ~65% nitric acid and salt in a digester. Wet chlorine 
and NOCl pass overhead, while the byproduct and unreacted feed materials collect in 
the bottoms. The latter stream is neutralized with soda ash. After drying, the gases are 
condensed and separated by distillation. The NOCl can be scrubbed and neutralized by 
the digester bottoms according to the reaction 

3NOC1 + 2 Na 2 C 03 ^ NaNOs + 3NaCl + 2 CO 2 + 2NO 

The overall stoichiometry becomes 

6 NaGl + I 2 HNO 3 + 2 Na 2 C 03 ^ 3 Cl 2 + 10 NaNO 3 + 2 CO 2 + 2NO -i- 6 H 2 O 
Where there is use for nitrogen tetroxide, the NOCl can also be oxidized separately: 

2NOC1 + 02 -^ N 2 O 4 + CI 2 

Parts of the process in effect handle aqua regia, and corrosion becomes a serious problem. 
Even allowing for the oxidation of NOCl, the process also requires about 4 tons of raw 
material to produce a ton of chlorine. It produces 2.4 tons of coproduct NaN 03 . 

One reason for the disappearance of this process was the shift of the fertilizer market 
away from NaN 03 . A similar process, based on KCl and producing the more valuable 
KNO 3 , then began operation [5]. 


75.2.7.2. Oxidation of HCl Scheele first discovered chlorine through the action of 
hydrochloric acid on manganese dioxide: 

4HC1 + Mn 02 ^ MnCb + CI 2 + 2 H 2 O 

This reaction was used in the small-scale production of chlorine. It operated under modest 
conditions (100-110°C), but corrosion problems were severe and the stoichiometry 
limited the recovery of chlorine to 50%. Practical values were 35-40%. On the positive 
side, the reactor gas had a high (~90%) concentration of chlorine [ 6 ]. In early operation, 
manganese chloride was a waste product. In 1866, Weldon achieved recycle of the 
manganese value by treating the chloride with lime while steaming with air or oxygen 
at55-60X: 


MnCh + Ca(OH )2 + \02 Mn 02 + CaCla + H 2 O 

This improved the economics, and the Weldon process operated for a time. A novel 
process for producing chlorine by the oxidation of hydrogen chloride with air, catalyzed 
by cupric chloride, then appeared: 

4HC1 + O 2 o 2 CI 2 + 2 H 2 O (4) 

Deacon was awarded the first patents in 1868 [7]. The Deacon process was the first 
vapor-phase catalytic reaction put into large-scale commercial use. While the reaction 
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sequence has not been described in detail, presumably cupric chloride oxidizes HCl, 
and the cuprous chloride thus formed reacts with oxygen to regenerate the cupric salt. 
The Deacon process remained the main source of chlorine until the electrolysis of sodium 
chloride was commercialized [8]. Chapter 2 discusses these processes and many other 
aspects of the history of the chlor-alkali industry. 

The fundamental problem with the Deacon reaction is its reversibility. Arnold and 
Kobe [9] reported the thermodynamics of the reaction system, making it possible to cal¬ 
culate equilibrium conversions under different conditions. As an oxidation reaction, the 
conversion of HCl is exothermic. Therefore, lower temperatures increase the equilibrium 
constant but reduce the rate of reaction. Particularly in earlier versions of the catalyst, 
there has also been a problem with volatilization of the metal (usually copper). Reaction 
temperatures might range from about 450 to 650°C. Equilibrium conversions when feed¬ 
ing a stoichiometric amount of 95% oxygen are about 50% at 650°C and 72% at 450'^C. 
Since conversion is not outstandingly high at any attractive temperature, the gas leaving 
a reactor contains substantial quantities of all the species involved in reaction (4) and 
is extremely corrosive. Conversion of two thirds of the HCl, a realistic example, would 
produce a gas equimolar in HCl, chlorine, and water. At the time of introduction of the 
Deacon process, the main use of the chlorine gas was in the manufacture of bleaching 
powder, and the low concentration of chlorine in the reactor gas was less of a problem 
than in higher-grade applications of chlorine. 

Other equilibrium considerations include: 

1. Five moles of reactant yield 4 moles of product. Therefore, increasing the pres¬ 
sure has a modest but favorable effect on equilibrium. This does not justify 
running the process under extreme pressure. 

2. There is always the question of whether to use air or oxygen in a direct oxidation 
process. The use of oxygen speeds the reaction and improves the equilibrium by 
reducing the dilution of the products. At the same time, it makes the development 
of hot spots in the catalyst more likely and demands uniform distribution of the 
gas and the prevention of channeling. 

Deacon worked with manganese and iron as well as copper catalysts, but copper has 
become the standard. Common additives include major quantities of alkali metals (to 
suppress vaporization of the copper) and rare earth promoters. 

Figure 15.1 shows calculated equilibrium conversions and purity of chlorine as 
functions of the HCl/oxygen ratio at two different temperatures. It is based on the use 
of 95% oxygen as the feed material. Figure 15.2 shows the difference in attainable 
conversion between air and pure oxygen. It is based on the stoichiometric ratio of HCl 
to oxygen. 

There have been many attempts over the years to improve the Deacon process by 
using alternative catalysts and by finding ways to modify the equilibrium. Certain oxygen 
donors, for example hydrogen peroxide, react with HCl at moderate temperatures [10]. 
In some cases, the temperature could be less than 60°C. The reaction may be run under 
vacuum or with the flow of a stripping gas in order to promote the release of chlorine. The 
latter approach dilutes the product chlorine. The chief problem with this type of process, 
and one that has prevented commercial application, is the cost of the oxygen donor. 

Among the catalytic routes, the Kel-Chlor process [11-13] is one modification 
that has been applied commercially. The process uses hot, concentrated sulfuric acid 



1354 


CHAPTER 15 



FIGURE 15.1. Equilibrium conversion and product purity in Deacon process. 



FIGURE 15.2. Conversions in Deacon process - air vs oxygen. 


containing nitric oxide in the form of nitrosylsulfuric acid, HNSO 5 . Reaction with HCl 
gas then produces nitrogen oxychloride, or nitrosyl chloride, NOCl: 


HNSO5 + HCl ^ H2SO4 + NOCl 


( 5 ) 
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The mixed reactor gas goes to an oxidizer, where the following sequence of reactions 
takes place at a controlled temperature: 

2NOC1^2NO + Cl 2 

3NO + 1.502 3N02 

NO 2 + 2HC1 ^ NO + CI 2 + H 2 O 

The sum of these reactions is 

2NOC1 + 1.502 + 2HC1 2 NO 2 + 2 CI 2 + H 2 O ( 6 ) 

The offgas from the oxidizer goes to an absorber where sulfuric acid circulates. The 
nitric oxide catalyst is recovered, and other reactions complete the oxidation of HCl and 
regenerate nitrosylsulfuric acid: 

NO 2 + 2HC1 ^ NO + CI 2 + H 2 O 
NOCl + H 2 SO 4 ^ HCl + HNSO 5 
NO + NO 2 + 2 H 2 SO 4 ^ 2 HNSO 5 + H 2 O 

The sum of the absorber reactions is 

2 NO 2 + NOCl + HCl + 3 H 2 SO 4 ^ 3 HNSO 5 + CI 2 + 2 H 2 O (7) 

Adding together the reactions (5) (three times), (6), and (7), 

6HC1 + I. 5 O 2 ^ 3Cl2 + 3 H 2 O 

This is Deacon process stoichiometry, but the use of the nitrogen cycle and the continued 
reaction of HCl in the absorber section remove the equilibrium limitation and make nearly 
complete recovery of the chlorine value of the HCl possible. 

Figure 15.3 is a schematic of the apparatus used in the Kel-Chlor process. A unit was 
constructed and operated in conjunction with a fluorocarbon production in the United 
States. The recovered chlorine was recycled to the precursor process. The plant is no 
longer in operation. It is reported that corrosion problems became severe. 

Other variations on the Deacon process involve modification of the catalyst. The 
Shell process, no longer in commercial operation, used a mixture of CuCh and KCl on 
silica. The potassium salt, whose concentration was roughly equal to that of the copper, 
suppressed the volatility of the catalytic mixture. Smaller amounts of rare earth chlorides 
promoted the activity of the catalyst. This was a fluidized bed process that operated at 
35()-365°C and gave a conversion close to 80% [14]. 

As another example of the use of an alternative catalyst, Mitsui Toatsu Chem¬ 
ical Company (now Mitsui Chemical) developed the MT Chlor process for producing 
chlorine in a fluidized bed of a proprietary catalyst containing crystalline chromia and 
silica [15,16]. A plant of 30,000 tpy capacity went into operation in Kyushu, Japan, in 
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1988. The capacity was doubled in 1990. Hydrogen chloride gas and an excess of oxy¬ 
gen enter the reactor at 370-425°C [14]. The product gas is cooled, and residual HCl is 
recovered and rectified. In the reactor, chromic oxide oxidizes to Cr 2030 and then reacts 
with HCl: 


Cr203 + 5O2 Cr2030 

Cr2030 + 2HC1 ^ Cr203 + CI 2 + H 2 O 

The overall reaction is the same as in the Deacon process. It is said that chromium oxide 
is not chlorinated and fused in the reactor, so that good fluidization can be maintained 
for a long time. The conversion per pass is greater than 75%. 

Recently, Sumitomo Chemical announced the licensing of a 1,000-tpy pilot plant 
for reclaiming the byproduct HCl from an isocyanates plant. The process uses a fixed bed 
of Ru02/Ti02 catalyst. Commercial operating data are not yet available. Figure 15.4 is 
a generic flowsheet for this type of operation. It assumes that the HCl is available as an 
aqueous solution from an absorber. It is important for this solution to be as concentrated 
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100% HCI Purge 



Anhydrous HCI 

Production Oxidation Absorption Drying Compression Distillation 
FIGURE 15.4. Generic flowsheet for catalytic oxidation. 


as possible, so that the recovery of HCI in the first step of the process can be high. This 
step is the distillation of nearly anhydrous HCI from the azeotrope (~20% HCI). The 
HCI gas is combined with the source of oxygen and taken to the reactor, shown here 
as a fixed bed. After drying with concentrated sulfuric acid, the gas is compressed and 
sent on to chlorine liquefaction. Depending on the operating conditions and the nature 
of the impurities in the gas, liquefaction may take the form of a distillation column, with 
chlorine as the bottoms product. Part of the overhead is a purge of a low-boiling material, 
such as the components of air. 

In yet another modification, Minet and coworkers [14,17,18] employed two flu¬ 
idized beds in series. The two steps of the process are chlorination (reaction of CuO 
with HCI at 200-280°C) and oxidation (reaction of CuCl 2 with oxygen at 340-380°C). 
Again, the sum of the two reactions is the same as Deacon chemistry: 

CuO -h 2HC1 ^ CuCl 2 + H 2 O 

CuCb + 2 O 2 ^ CuO + CI 2 

The catalyst transfers back and forth between the two reactors, as in Fig. 15.5, and 
effectively carries the chlorine value from the chlorinator to the oxidizer, where it can be 
released as chlorine gas. For this reason, the process was dubbed the Catalytic Carrier 
Process. Separation of the two stages allows each to operate at its own optimum condi¬ 
tions, and higher conversion of HCI to CI 2 is the result. This process has operated on a 
pilot scale in Spain, but no commercial operation has been reported. A study of projected 
economics [19] based on the optimistic assumptions of quantitative conversion of HCI 
vapor to chlorine and the recovery of chlorine by absorption in the prohibited solvent 
CCI 4 indicated that this process had advantages over certain other oxidation processes 
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FIGURE 15.5. Catalytic Carrier Process. 


and the electrolysis of aqueous acid. The study did not report the sensitivity of these 
assumptions. 

Table 15.3 shows that vinyl chloride is the major source of byproduct HCl. This is 
somewhat artificial and deceptive, because most of the HCl never appears as a separate 
byproduct. Instead, it is consumed within the process. 

Most observers believe that the oxidation of HCl first produces atomic chlorine at 
a high temperature. A logical step then is to carry out this oxidation in the presence of 
an organic molecule that is subject to chlorination. This approach takes up the chlorine 
as it forms, drives the conversion of HCl to completion, and produces a chlorinated 
molecule for application or further reaction. This process, referred to as oxychlorination 
or oxydehydrochlorination, is the basis for much of the world’s EDC: 

CH 2 =-CH 2 + 2HC1 + 5 O 2 CH 2 CI-CH 2 CI + H 2 O ( 8 ) 

Without this type of process, ethylene-based VCM would be responsible for a glut 
of HCl. With the right combination of direct chlorination, dehydrochlorination, and 
oxychlorination (Eqs. 2, 3, and 8 ), the production and consumption of HCl can be 
balanced (Fig. 15.6). The theoretical requirement of chlorine is cut in half from that 
called for by Eqs. (2) and (3). While Fig. 15.6 shows the production of VCM with the 
aid of oxychlorination, it is also possible to stop with the synthesis of EDC. The HCl 
in this case may be the byproduct of another process. This approach has the advantage 
of a less volatile and less toxic product more suitable than either chlorine or VCM for 
export. 
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Product 

FIGURE 15.6. Concept of balanced oxychlorination. 


In the oxychlorination process, hydrocarbons act as chlorine acceptors and stim¬ 
ulate the oxidation of HCl. Consequently, oxychlorination is more efficient than the 
conventional process. 

It is, in theory, possible to produce vinyl chloride directly from ethylene: 

CH2=:CH2 + HCl + \02 CH2=CHC1 + H 2 O 

This is subject both to side reactions and to polychlorination through consecutive 
reactions, and the two-step process referred to above is the favored route. 


15.2.1.3. Regenerative Oxidation. There is a group of regenerative processes in which 
HCl reacts with another material A to form an intermediate which then oxidizes back 
to compound A while releasing chlorine. The oxidation reaction usually requires the 
use of a catalyst or more severe conditions than the chlorination. The Grosvenor-Miller 
process is an example. This uses a fixed-bed reactor packed with ferric, rather than 
cupric, chloride. The course of reaction is 


4FeCl3 + 3 O 2 2 Fe 203 + 6 CI 2 

2Fe203 + 12HC1 4FeCl3 + 6 H 2 O 


(9) 

( 10 ) 
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Addition of the two reactions shows the same stoichiometry as the Deacon reaction. 
Reaction (9) took place at 250-300°C and reaction (10) at 475-500°C. The Dow Chem¬ 
ical Company developed a two-stage moving-bed reactor in which Fe 203 meets HCl in 
the upper section. FeCls falls into the lower section of the tower and is converted into 
the oxide by hot air or oxygen. The chlorine goes to separation and purification. 

The I. G. Farbenindustrie chloride melt process [ 8 ] used the same reaction paths, 
combining ferric and potassium chlorides to lower the melting point of the reacting 
mass. Dilute chlorine produced by the oxidation of FeCb was recovered as a rich gas by 
absorption in sulfur monochloride (Eq. 11) followed by decomposition and desorption 
(Eq. 12): 

Absorption 


CI 2 + S 2 CI 2 ^ 2 SC 12 (11) 

Decomposition, desorption 

2 SCI 2 CI 2 + S 2 CI 2 (12) 

The regenerative processes, conceptually, could be made continuous by supplying mul¬ 
tiple columns or by operating two coupled fluidized beds, as in the Catalytic Carrier 
Process. The distinction between “catalyzed” reactions and regenerative processes then 
becomes blurred. 

The chlorosulfonic acid process, applied to anhydrous HCl, is somewhat different, 
because water does not appear in the equation. The first step is the reaction of HCl with 
SO 3 to form the acid: 


HCl -h SO 3 HSO 3 CI 

This takes place at a mild temperature, 70-100®C. The decomposition of chlorosulfonic 
acid requires a mercury-based catalyst and does not directly produce chlorine: 

2 HSO 3 CI ^ H 2 SO 4 + SO 2 CI 2 

Chlorine finally results from the decomposition of sulfuryl chloride: 

S02Cl2^S02 + Cl2 


The overall stoichiometry is 

2HC1 -h 2 SO 3 ^ CI 2 + SO 2 + H 2 SO 4 

The process requires some level of integration with a sulfuric acid plant if it is to be 
feasible. Its near-equivalence to Deacon chemistry can be shown in two steps. First, the 
byproduct SO 2 must return to the oxidizer in the host plant: 

SO 2 + 5 O 2 —> SO 3 
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The combined stoichiometry becomes: 

2Ha + i 02 + SO 3 ^ CI 2 + H 2 SO 4 

The mole of water that would have formed in the Deacon process is absorbed by the 
excess SO 3 . 


15.2.2. Electrochemical Methods for Producing Chlorine 
Alternative electrochemical routes to chlorine are classified as follows: 

1. Electrolysis of hydrogen chloride 

(a) Aqueous 

(b) Anhydrous 

2. Electrolysis of metal chlorides 

(a) Indirect or cyclic processes 

(b) Production of metals 

This section discusses these routes in the order shown. Aqueous electrolysis of HCl is 
a commercial process that has been practiced widely. The anhydrous route is develop¬ 
mental but has the potential for large reductions in operating cost. The incentive for 
indirect electrolysis is the reduction in cathode voltage when reducing certain metals 
rather than hydrogen ions. The last-named process depends on the added value for its 
commercial success. The chief product is a metal, with chlorine as a useful byproduct. 
Sodium and magnesium are the examples covered in the text. 


15.2.2.1. Aqueous Electrolysis of HCl. Commercial interest in HCl electrolysis did not 
begin until after World War II, and full-scale production began in the late 1950s [20]. A 
common feedstock is the byproduct acid from organic chlorinations, which may contain 
organic impurities that can degrade the electrodes and plug the diaphragms [21-23]. 
Typical impurities in the HCl are methane (which will chlorinate to CCI 4 ), benzene, 
chlorobenzenes, phenol, and chlorophenols, which intercalate in the pores of the 
electrode matrix, leading to its rapid deterioration. Other harmful impurities are HE, 
chlorofluorocarbons, and multivalent ions that can adversely affect the anode potential 
and lower the current efficiency. Many of the organic species can be rejected during 
adiabatic absorption of the HCl into boiling solution and then removed from vent gases 
by adsorption onto activated carbon. The exact pretreatment of the HCl depends on the 
nature and concentration of each impurity. Generally, organic impurities have greater 
effects than inorganic impurities. For example, 40-50 gpl of HF is tolerable in practice, 
compared with only 5 ppm of o-dichlorobenzene [23,24]. 

The electrolytic decomposition of HCl follows the overall reaction 

2HC1->H2 + Cl2 

Several cell designs have been developed and commercialized [25-27]. However, Uhde 
is now the only supplier of HCl electrolysis technology [21]. The electrolyzer (Fig. 15.7) 
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is bipolar, with graphite electrodes and PVC or PVC/PVDF diaphragms. Vertical slits 
are milled into the graphite plates, which are cemented in HCl-resistant plastic frames. 
Electrolyte feed channels are at the bottom of the frames. The gases rise up the plates 
and pass through ducts into collection channels in the upper part of the frames. The 
end plates are made of steel covered with rubber and are held together by spring-loaded 
tension rods. The effective surface area of an electrode is 2.5 m^ and the current load is 
normally 10-12 kA. 

The cells operate at 85°C or less and at about 1.9 V in the operating 
current density range of 4-5 kAm“^. Therefore, the energy consumption is 1,400- 
1,500 kWhrton-'Ch. 

The current-voltage relationship with standard electrodes and undoped electro¬ 
lytes is 


V = 2.09 + 0.115/ 


(13) 


where 

V = cell voltage, 

/ = current density, kA m”^ 

Equation (13) predicts voltages higher than those quoted above. In practice, the addition 
of platinum salts to the catholyte reduces the cathode potential by about 0.6 V [28]. 
Section 4.6.3 presents some of the details. 

A simplified flow diagram of the Uhde process is in Fig. 15.8. In this scheme, HCl 
at about 22% concentration is fed into separate catholyte and anolyte circuits. During 
electrolysis, the catholyte concentration falls to about 17% (sometimes higher), and the 
temperature increases from 65 to 80°C. The diaphragms are somewhat permeable to the 
electrolyte and less so to the gases. Normal practice is to hold the anode chamber at a 
higher pressure than the cathode chamber. This prevents leakage of hydrogen into the 
chlorine gas. At the same time, it permits some flow of the anolyte into the catholyte. 
Cathodic reduction of the chlorine dissolved in this anolyte is responsible for a 2-2.5% 
current inefficiency. 

The anolyte and catholyte concentrations are maintained by adding more highly 
concentrated acid, typically 28% HCl, to the circulating streams. Both electrolytes are 
pumped through filters and heat exchangers to their respective head tanks. They then fall 
back to the electrolyzers. The concentrated acid is added to the return line between the 
head tanks and the cells. The heat exchangers remove the waste heat from electrolysis. 
They also serve as heaters when required (e.g., during startups). 

With the net flow of electrolyte from the anode to the cathode side, an excess of 
~17% acid accumulates in the catholyte. This is removed to a hold tank and then sent 
back to the source of HCl for reconcentration. When a byproduct gas is the source, the 
depleted acid acts as the solvent in an absorber. Adiabatic absorption in boiling liquid 
produces strong acid in the lower part of the column. The upper section removes the 
remaining HCl and the water vapor. The 28+% acid is cooled, purified by activated 
carbon treatment, adjusted in concentration as required, and pumped through a filter and 
a heat exchanger. It then flows to the cells by way of a gravity feed tank. 

The chlorine gas from the anolyte is at 75-80°C and is saturated with water and 
HCl. First, it is cooled in a surface exchanger, and the dilute acid formed by condensation 
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Direction of 
catholyte 
+ H2 flow 


Direction of 
anolyte 
+ CI2 flow 




FIGURE 15.7. Cross section of an HCI electrolyzer. 1. Frame; 2. Seals; 3. Cathode side; 4. Diaphragm; 
5. Graphite plates; 6. Anode side (with permission of Uhde GmbH). 


collects in the anolyte tank. The cooler may be followed by a second exchanger operating 
on chilled water (Section 9.1.3). Next, the gas is dried to about 50 ppm (v/v) water by 
contact with concentrated sulfuric acid. Certain designs assume the use of a column with 
packing in the lower section and tunnel trays above. 

Processing of the chlorine through drying, mist elimination, compression, liquefac¬ 
tion, and liquid handling generally follows the practices recommended in Sections 9.1.4- 
9.1.8. In addition, all chlorine-generating plants must have vent scrubbers to prevent the 
release of the gas into the atmosphere (Section 9.1.10.3). Multiple scrubbing towers 
installed in series are common in HCI electrolysis plants. 
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FIGURE 15.8. Flowsheet for electrolysis of hydrochloric acid. 
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The hydrogen generated in the cells is also saturated with water and HCl. In addition, 
it contains some chlorine vapor. The water and acid condense or are absorbed when the 
gas is cooled by direct contact with a circulating stream of dilute acid. A graphite 
exchanger removes the heat of condensation and absorption and maintains a steady 
temperature in the circulating acid. The HCl and water removed in this step go to the 
catholyte tank. 

Scrubbing of the cooled gas with a circulating NaOH solution removes residual 
HCl and chlorine. A third column sometimes serves as a backup to the second in case 
of breakthrough. The third tower overflows to the second, where nearly all the HCl 
and chlorine are removed. Again, there is a cooler in the circulating line. The bleach 
produced in the second tower can be used elsewhere or sent to disposal. Handling of the 
purified hydrogen is as discussed in Sections 9.2.3 and 9.2.4, 

Recent developments in cell technology include the use of ion-exchange mem¬ 
branes instead of diaphragms [29] and the use of oxygen-depolarized cathodes [30]. 
Section 11.2,2.2C discusses the latter as an alternative to the standard cathode that 
reduces the reversible potential by about 1.23 V. Section 17.2.2.2 identifies these cath¬ 
odes as an important emerging technology. A commercial plant for production of about 
24,000 tons of chlorine by electrolysis of HCl with depolarized cathodes was recently 
announced [31]. 

75.2.2.2. Vapor-Phase Electrolysis of HCl DuPont has developed a process for gener¬ 
ating chlorine from gaseous HCl [32-35]. This is similar to an earlier process for the 
vapor-phase electrolysis of water [36]. The cell includes a Nafion® cation-exchange 
membrane coated on both sides with catalysts (Fig. 15.9). Gaseous HCl is oxidized to 
chlorine on the anode side. The protons released there travel to the cathode side through 
the membrane and are reduced to hydrogen. Since the overall process does not require 
the absorption of HCl in water or dilute acid, the process flow diagram becomes simpler 
(Fig. 15.10). The anode gas goes to a drying tower containing sulfuric acid. Dry gas is 
compressed and then chilled to — 25°C. The liquefied chlorine goes on to a purification 
column, which removes the HCl and residual impurities. Purified chlorine is recovered 
from the bottom of the column. Some of the HCl with included impurities is purged. 
Since there are no parasitic reactions at the anode, the current efficiency is as high as 
99%. The cell voltage is less than 2.0 V at a current density of 7.5 kA m”^. The operating 
costs for this process were estimated to be less than one third of those of the conventional 
HCl electrolysis process [33]. The process remains developmental, and there have been 
no reports of commercial application. 

15.2.2.3. Indirect Electrolysis. The cathodic process in direct electrolysis of HCl has 
several disadvantages 

1. Standard cathodes show high overvoltages. 

2. Many metals have more noble thermodynamic potentials, and their reduc¬ 
tion should occur at lower voltages (conventionally, with negative half-cell 
potentials). 

3. The presence of gas bubbles in the catholyte increases its electrical resistiv¬ 
ity [37]. A change in the electrode process can eliminate this effect. 
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FIGURE 15.9. Electrolysis of anhydrous HCl. 
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FIGURE 15.10. Process flowsheet for anhydrous HCl electrolysis. 






ALTERNATIVE PROCESSES 


1367 


These problems can be alleviated by electrolyzing, for example, a mixed solution of HCl 
and CuCl 2 [38-40]. The anode reaction is still the oxidation of chloride ion. The cathode 
reaction becomes the reduction of the cupric ion to cuprous: 

2Cr CI 2 + 2e (14) 

2Cu2+ + 2e^2Cu+ (15) 

Regeneration of the cupric ion is necessary to keep the process operating. Therefore, the 
spent catholyte goes to an oxidizer for reaction with air or oxygen: 

2Cu+ + 2H+ + 2 O 2 -> 2Cu^+ + H 2 O (16) 

The sum of the reactions (14)-(16) yields the same chemistry as the Deacon process. 

The water that forms in the oxidizer must be removed from the process to maintain 
a balance. The nitrogen or excess oxygen passing through the reactor helps to strip the 
water from the reacting mass. 

This approach to the conversion of HCl is known as the Westvaco process. The 
slow oxidation of cuprous chloride is its major disadvantage. Increasing the temperature 
to speed up the reaction also increases the vaporization of HCl and water. 

Hine and coworkers studied this electrolysis with oxygen-depolarized graphite cath¬ 
odes [41]. This combination is known as the “Kyoto cell,” and it operates with either 
air or oxygen supplied to the cathode compartment. The reactions are the same as in the 
Westvaco process, but the oxidation of cuprous chloride takes place in the cell rather 
than in an external reactor. 

Hine and Yamakawa [42,43] investigated the kinetics and mechanism of the pro¬ 
cesses in the cathode chamber. They first conducted EMF measurements with a copper 
electrode in HCl solutions containing various concentrations of cupric chloride and 
assumed the reaction 


Cu + « Cr + 2e 

The Nemst equation for the reversible potential of this reaction is 

E = E^ + (RT/2F) In (acjaci) (17) 

where the activities are those of the cupric and chloride ions. The slope of a curve 
showing E against In (aci) is 


d£'/d(ln ac\) = nRTjlF (18) 

The experimental data showed that n = 3. 

The same authors also studied the polarization behavior of a rotating-disc electrode 
and the chronopotentiometry of a graphite disc electrode. Figure 15.11 illustrates the situ¬ 
ation in the vicinity of the cathode. A cupric chloride ion, CUCI 3 , moves to the cathode 
through its diffusion layer (Step 1) and is electrochemically reduced to CuCl^” (Step 2). 
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layer) layer) 

FIGURE 15.11. Cyclic reactions in the vicinity of Kyoto cell cathode. 


Since the tetrachloride complex is more stable, CuCl^” converts to CuCl^" in the reac¬ 
tion layer at the electrode surface (Step 3). The complex ion transfers to the bulk of the 
solution through its diffusion layer (Step 4), and dissolved oxygen in the bulk oxidizes 
the cuprous form to cupric (Step 5). Since the chemical reactions of Steps 2, 3, and 5 
are fast, the two diffusion processes. Steps 1 and 4, determine the rate of the process. At 
low current densities. Step 4 is rate-determining. Both diffusion steps contribute to the 
resistance at high current densities. 

The oxidation of cuprous chloride ion with oxygen in the bulk of the solution 
(Step 5): 


4CuCl^“ + 4H+ +02^ 4CuClJ + 4Cr + 2 H 2 O 
is also controlled by diffusion of dissolved oxygen. 


15.2.2A, Molten Salt Electrolysis 

15.2.2.4A. Production of Sodium. Elemental sodium is produced along with chlorine 
by the electrolysis of fused NaCl-CaCh mixtures [44-46]. The most popular of the many 
cell designs, and one still in commercial use, has been the Downs cell. Separate paths 
of development have led to several different versions, all referred to under the Downs 
name. Figure 15.12 [47] shows one of these. It operates at 580-600°C on a mixture of 
42% NaCl and 58% CaC^. The CaCh lowers the melting point of the batch, reduces 
the solubility of Na in the bath, and leads to the formation of metallic calcium according 
to the equilibrium reaction 


2Na -|- CaCl 2 2NaCl -h Ca 

The cathode product therefore contains about 5% calcium, which precipitates in the cool 
riser pipes. The deposited calcium is scraped off and falls into the bath, where it helps 
to reverse the above reaction. Filtration of the metallic sodium at 110°C removes the 
calcium and reduces its concentration in the product to less than 0.04%. 

The cell has a large dome covering the anodes, cathodes, and diaphragm. Within 
the large dome, there are four chlorine collection chambers which come together in 
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FIGURE 15.12. Downs cell. A. Steel shell containing fused bath; B. Fire-brick lining; C. One of four cyl¬ 
indrical anodes projecting upward from the base of the cell, each surrounded by D, an iron gauze diaphragm, 
and E, a steel cathode. The four cathodes are joined to form a single unit supported on cathode arms projecting 
through the cell walls and connected to F, the cathode bus bar. The diaphragms are suspended from G, the 
collector assembly that is supported from steel beams spanning the cell top. H. Nickel dome; I. Chlorine line; 
J. Metallic sodium; K. Riser pipe; L. Receiver; M. Scraper. Dark circles represent metallic sodium and open 
circles represent gaseous chlorine. (With permission from John Wiley & Sons, Inc.) 


the middle. The electrolyte is outside the large dome, in region Z. This arrangement 
prevents the recombination of chlorine and sodium. The collector unit is a complex 
setup that collects the products of electrolysis in separate chambers as they rise through 
the molten bath. 

The anode is made of cylindrical graphite, built from graphite blocks and inserted 
through the center of the cell bottom. Iron-gauze diaphragms surround the anode. They 
hang from an inverted trough that also collects the sodium metal. Chlorine rises from 
the anode into a brick-lined nickel dome, H, in the center of the cell. The cylindrical 
cathodes, also made of steel, are located at the side. The body of the cell is made of 
iron, which may be coated with ceramic material or clay. The molten sodium rises in a 
vertical pipe, K, collects in an inverted trough, and overflows into a collecting pot. It is 
then drained into storage tanks at 120°C. After filtration, it is cast into bricks weighing 
about 4 kg each. 

The Downs cell was modified in the 1940s by incorporating four anodes in a square 
pattern, each anode having its own diaphragm and cathode [44]. This increased the 
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TABLE 15.4. Operating Characteristics of Downs Cells 



Country of manufacture 

Parameter 

UK 

US 

Germany 

Bath temperature, 

565-595 

580-^00 

585-595 

Load, kA 

25-35 

43^5 

24-32 

Cell voltage, V 

7 

7 

5.7-6.0 

Current density 

9.8 

11-12 

9.8 

(cathode), kA m“^ 
Current efficiency, % 

75-80 

85-90 

78 

Cell life, days 

500-700 

600-800 

300-350 

Diaphragm life, days 

20-100 

50-90 

20-30 


capacity of the cell without altering its outside dimensions. The cell operating life is 
determined by the rate of wear of the graphite anodes. Carbon gradually oxidizes to CO 
and C 02 » The use of electrically conducting ceramic anodes coated with noble metal 
oxides (e.g., Ir 02 ) extends the life of the cell [48]. In recent years, DuPont has made a 
number of changes to the basic design. This information remains proprietary. 

Table 15.4 describes the operating characteristics of various Downs-type cells [49]. 


15.2.2.4B. Production of Magnesium. Another example of the coproduction of chlorine 
and a metal is the electrolysis of magnesium chloride [50]. Cell designs and methods 
of preparation of the raw material vary because of the wide variety of sources. These 
include seawater, natural brines, magnesium-rich brines, magnesite (MgC 03 ), camallite 
(MgCl 2 -KCL 6 H 20 ), and dolomite (MgC 03 -CaC 03 ). 

Molten MgCl 2 can be prepared by the carbochlorination of MgC 03 ores or 
Mg(OH )2 at 700-800®C. The thermodynamic decomposition voltage for the reaction 

MgCl 2 Mg CI 2 

is 2.5 V. The minimum energy consumption is 5.5 kWhrkg”^ of metal. 

The Dow process, formerly operated in Freeport, Texas, used seawater as the source 
of magnesium. In this process, Mg(OH )2 is precipitated, dried, and then treated with HCl 
to form MgCl 2 . After removal of calcium as CaS 04 , the purified material is concentrated 
to produce granules containing about 70% MgCl 2 . This is the only process to use MgCl 2 
that is not anhydrous. As a consequence, the cells operate at a low voltage (2.6-2.7 V). 
Current efficiencies are between 75 and 90%, and the DC energy consumption is about 
7 kW hr kg-’Mg. 

The cell is made of steel with cathodes welded to the tub-like container. The 
cylindrical graphite anodes are independently suspended and inserted through the 
cell’s refractory covers. This arrangement allows adjustment of the anode-cathode gap 
as the graphite oxidizes in the aqueous medium. The magnesium collects in its chamber 
in front of the cell and is periodically withdrawn for further processing. 
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FIGURE 15.13. The Norsk Hydro cell. A. Refractory material; B. Graphite anode; C. Steel cathode; D. 
Refractory cover; E. Metal outlet; F. Metal; G. Partition wall; H: Electrolyte flow; I. Electrolyte level; 
J. Chlorine outlet. (With permission from John Wiley & Sons, Inc.) 


The Norsk Hydro process, in contrast to the Dow process, uses anhydrous MgCl 2 . 
The cells, in use since 1978, are brick-lined and have two separate chambers, one for 
electrolysis and one for collection of the metal (Fig. 15.13). Cooled graphite anode 
plates enter the cell from the top, and steel cathode plates enter from the back of the 
cell wall. Chlorine collects in a central pipe in the anode compartment. The circulation 
of electrolyte parallel to the electrodes brings the metal to a collection chamber, from 
which it is extracted by vacuum. This type of cell operates at 700-720°C, and the 
energy consumption is 12-14 kW hr kg“^ Mg. While the latter is higher than the energy 
consumption in the Dow process, the anhydrous electrolyte has the advantage of being 
less corrosive. 

A magnesium facility in Rowley, Utah, owned by Magcorp, uses brine from the 
Great Salt Lake. This contains about 0.4% Mg, four times as high as the concentration 
in ocean water. The feed salt is produced by solar evaporation (Section 7.1.3) and then 
treated to remove CaS 04 , KCl, and NaCl. Evaporation of the resulting solution and spray 
drying produce a powder containing 4% H 2 O, 4% MgO, and other salts. Treatment of 
the powder with chlorine removes MgO, water, bromide, sulfate, and heavy metals. The 
cells are similar to the Norsk Hydro type, described above. 


75.2.2.5. Related Processes. Schroeder [51] investigated the electrolysis of a mixed 
solution of HCl and NiCl 2 with graphite electrodes. He obtained chlorine at the anode and 
electrodeposited nickel at the cathode. The process calls for interruption of electrolysis 
when the nickel deposit reaches a certain thickness, followed by dissolving of the nickel 
in an oxygenated solution of HCl. The intermittent nature of the process works against 
its practical application. 
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Ding and Winnick [52] studied the recovery of chlorine from a molten LiCl-KCl 
eutectic. The usual oxidation of the chloride ion takes place at the anode. The cathode 
generates hydrogen gas from anhydrous HCl, at the same time replacing the chloride ion: 

HCl + e^ ^H2 + Cr 

The thermodynamic decomposition voltage at 400°C is about 1 V. 

Hine and coworkers [53,54] used a depolarized cathode with an HCl cell to recover 
chlorine from dilute waste gas. The gas, fed to the cathode compartment, oxidizes 
cuprous chloride in the bulk of the solution: 

2Cu+ + Cl 2 (weak) ^ 2Cvi^+ + 2Cr 

The cupric ion is reduced to cuprous at the cathode: 

2Cu2+ + 2e^2Cu+ 


At the anode. 


2C1” —> Cl 2 (concentrated) -h 2e 
The net reaction in the cell is 

Cl 2 (weak) ^ ClaCconcentrated) 

The decomposition voltage for the process is low, as with the Kyoto cell 
(Section 15.2.2.3). A possible application for this approach is the recovery of chlorine 
from liquefaction tail gas and other dilute streams. 

15.3. PRODUCTION OF HYPOCHLORITE 

The processes covered in this section do not produce elemental chlorine, nor are they 
truly sources of chlorine without caustic. Rather, they combine the two products to 
produce hypochlorites. Since these are valuable principally as sources of active chlorine 
and leave very little accompanying free caustic, they are treated in this chapter. 

Hypochlorites are direct substitutes for chlorine in such applications as bleaching 
and disinfecting. Their use removes the need to handle or store liquid chlorine at the 
processing facility, except as it is needed for hypochlorite generation. On-site production 
from salt or brine removes even that need. 

Bleaching compounds are rated by their available chlorine content. This is a number 
that expresses the bleaching capacity of a substance as a percentage of the capacity of an 
equal weight of chlorine. Because of the change in the valence of chlorine from +1 to 
— 1 during the process, the hypochlorite group has the same bleaching capacity as a mole 
of CI 2 . Sodium hypochlorite therefore contains 95.2% available chlorine and calcium 
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hypochlorite, 99.2%. Other compounds, even those that do not function by contributing 
hypochlorite groups, are rated in the same way. Thus, chlorine dioxide, which is useful 
in pulp bleaching, has 263% available chlorine. This number is 5/2 times the ratio of 
the molecular weights of CI 2 and CIO 2 . The factor of five represents the ability of the 
chlorine atom to accept five electrons in changing its oxidation state from +4 to — 1. 

It is estimated that 3-5% of the total production of chlorine in advanced countries 
goes into the treatment of drinking water and sewage. Another major market historically 
has been in the pulp and paper industry, where chlorine bleaching was a widespread 
practice. Virtual loss of this market has greatly reduced the use of chlorinated bleaching 
chemicals. Now, the global use of sodium hypochlorite should begin to increase along 
with population growth, the growing shortage of water resources, the increase in per 
capita water consumption, and many other factors. 

Most hypochlorite production is in the form of the sodium compound, which will 
be the focus of our discussion. There will also be a short note on calcium hypochlorite 
(Section 15.3.4). Figure 15.14 shows a typical flowsheet for production of NaOCl solu¬ 
tion [55]. We note here that the compound is more properly designated NaClO. Industry 
practice, however, favors the form NaOCl. 

75.5.7. Electrochemical Production of Hypochlorite 

15.3.LL On-Site Production. Section 9.1.9.3 already discussed the formation of NaOCl 
when chlorine is exposed to NaOH solution. This section discusses its electrochemical 
production at the point of use. 


Hydrogen 



FIGURE 15.14. Flowsheet for electrolytic production of bleach. 
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Relatively large consumers of NaOCl often produce it from delivered liquid chlorine 
and caustic soda solutions. The hazards and public concerns associated with shipment 
of these chemicals remain. Although NaOCl solution is safer than liquid chlorine and 
caustic soda solution, its large-volume storage is undesirable because of its gradual 
decomposition, especially during hot weather. This situation favors on-site production 
from salt over centralized production and shipment of the solution. 


15.3.1.1 A. Use of Membrane Cells. Ionics, Inc., pioneered the on-site electrochem¬ 
ical generation of full-strength hypochlorite solution [56]. The Ionics system comprises 
membrane cells, gas-liquid separators, a hypochlorite generator, and auxiliaries. 

Purified NaCl solution and water enter the anode compartment and the cathode com¬ 
partment, respectively, of a conventional bipolar membrane electrolyzer. The anolyte 
and the catholyte flow to their respective gas-liquid separators. The chlorine gas and the 
NaOH solution then join in the reactor to form NaOCl solution. Depleted brine from the 
chlorine separator returns to the brine section for resaturation. Hydrogen from its separ¬ 
ator is normally mixed with a large amount of air before discharging to the atmosphere. 
The operating conditions for the Ionics cell and similar systems are as follows: 


Current density 
Cell voltage 
Temperature 
Current efficiency 


20-50 A dm-2 

3.5-4.0 V 

80-90°C 

80-90% 


Figure 15.15 illustrates the processing of chlorine and caustic soda from the cells. 



FIGURE 15.15. Flowsheet for producing sodium hypochlorite. (Reproduced with permission of Japan Soda 
Industry Association.) 
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15. 3.1. IB. Use of Undivided Cells. Electrolytic production of hypochlorite in undi¬ 
vided cells is a traditional process [57-59]. Such cells are still used because of their 
simplicity and low cost. Chlorination has long been recognized as the most effective 
procedure for disinfection of drinking water and wastewater. Large quantities of liquid 
chlorine have been used in water treatment, but the use of hypochlorite has increased 
since the 1940s because of its easy handling and relative lack of hazard [60]. Bennett [61] 
described a large installation with an equivalent chlorine capacity of about 2.3 tday~^ 
that was used to treat water in Houston. 

The electrochemical reactions at the anode and the cathode are the same as in chlor- 
alkali cells, but the chlorine generated at the anode combines with caustic in solution to 
form hypochlorous acid or hypochlorite: 

Ch + H 2 O ^ HOCl + H+ + cr (19) 

HOCl + OH“ ocr + H 2 O (20) 

The hydrolysis of dissolved chlorine keeps the solution pH in the range 7-9. 

Besides the main reactions shown above, many side reactions take place in the cell. 
Because of the relatively high pH, oxygen evolution and chlorate formation may occur 
at the anode: 


40H’ ^ O 2 + 2 H 2 O + 4e (21) 

6 HOCI + 3 H 2 O ^ I. 5 O 2 + 4Cr + 2C103^ + 12H+ + 6e (22) 

On the other hand, hypochlorite ions in the bulk of the solution diffuse to the cathode, 
where they are easily reduced to chloride: 

ocr -h H 2 O ^ cr + 20H“ (23) 

In the bulk of the solution, disproportionation also proceeds, especially at high 
temperatures: 

2HOC1 + ocr + 20H“ ^ CIO 3 + 2Cr + 2 H 2 O (24) 

Other losses include the decomposition of hypochlorous acid: 

2HOC1 2HC1 + O 2 (25) 


and the release of dissolved chlorine to the atmosphere. These side processes constitute 
the current inefficiency of the overall process. To minimize them, Brockmann [57] 
recommended: 


1 . low temperature 

2. high NaCl concentration 

3. neutral solution 
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4. platinum-plated electrodes 

5. high current density 

6 . no stirring 

7. addition of potassium dichromate 

With the exception of the last, these proposals are still valid today. Chromates deposit 
on the cathode surface and retard the cathodic reduction of hypochlorite. 

The rate of oxygen evolution is lower at high NaCl concentrations. However, recyc¬ 
ling the electrolytic solution to the undivided cell is cumbersome, and so the utilization 
of NaCl decreases. Modem processes use relatively dilute NaCl solutions to improve 
the utilization of the salt. Many electrolyzers use platinized titanium or DSA electrodes. 
Operation at high current densities increase the yield because the rates of the loss reac¬ 
tions (24) and (25) are independent of current density. Finally, agitation of the solution 
promotes undesirable mass transport of OCl~ to the electrodes. 

Some of the characteristics listed above favor the use of seawater as a feedstock. 
There are several applications for the product of seawater electrolysis. First, it is a 
low-level bleach and disinfecteint, making it useful as a utility-type water- and sewage¬ 
treating agent. It is also useful in marine sanitation and as an algaecide in seawater 
evaporation plants. Power stations at coastal locations also operate on-site seawater 
electrochlorination of cooling water [62]. In this case, magnesium and calcium deposit 
on cathode surfaces as the oxyhydroxides. These have the useful effect of retarding 
the reduction of hypochlorite. On the other hand, thick deposits increase the operating 
voltage. Occasional cleaning with acid or so-called reverse electrolysis, in which the 
direction of the current is reversed for a short time, helps to remove such scale. 


15.3.1.2. Electrodes and Electrode Processes. Most electrolyzers in this service are 
bipolar. Carbon or graphite was the material of choice in earlier designs [57,58]. While 
these materials are resistant to concentrated NaCl under anodic polarization, they are less 
resistant to dilute solutions because of the increased rate of generation of oxygen. Carbon 
steel also has been used as a cathode. Because the hydrogen overvoltage is low, iron and 
steel are not cathodically protected and therefore corrode at the working potential and 
when a cell is shut down. Ferrous ions oxidize and precipitate on the anode surface as 
ferric oxyhydroxide. To avoid these problems, riiodem electrolyzers use stainless steels, 
nickel alloys, and titanium. Platinum plating on titanium substrates prevents hydrogen 
embrittlement and also reduces the hydrogen overvoltage. 

One of the authors (FH) experienced heavy corrosion of a platinized anode in 
a seawater electrolyzer in winter, caused by the deposition of chlorine hydrate. He 
concluded that the cell must operate at temperatures above 8~10°C. 

The efficiency of hypochlorite generation depends on the rate of its reduction at the 
cathode, which is a diffusion-controlled process. The reaction is 

OCr + H2O + 2e ^ Cr -h 20H" 

The main reaction at the cathode, hydrogen evolution, is activation-controlled. The 
total cell current, i, includes the current participating in the hydrogen evolution 
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reaction (HER), in, and the current consumed by hypochlorite reduction, /r. The current 
efficiency then is 


§ = in/(in + ^r) 


(26) 


or 


^ = 1/(1 +/r//h) = 1/(1+r) 

The last equation uses r, the ratio of unproductive to productive current. This parameter 
can be shown to be 


r = nFCDjUoe^^ 


(27) 


where 

n — number of electrons involved in the hypochlorite reduction reaction 
F — Faraday constant 
C = concentration of hypochlorite ion 
D — diffusion coefficient of hypochlorite ion 
8 = diffusion layer thickness 
io = exchange current density for the HER 
k = constant at a given temperature on a given electrode surface 
T] = overvoltage for the HER 

The combination CD/Sis a measure of the ease of reducing hypochlorite. For best results, 
it must be kept small. A low concentration of hypochlorite and a thick diffusion layer are 
preferred. Hence, Brockmann’s “no stirring” and the use of low flow rates through the 
cell are normal practices. High current densities improve the current efficiency because 
the rate of the desired reaction increases in proportion, while the rate of hypochlorite 
destruction increases only as the diffusion layer becomes thinner. The hydrogen bubbles 
generated at the cathode agitate the solution and reduce the thickness of the diffusion 
layer. Krstajic et aL [63] showed that 


8=a/i^ (28) 

where a and m are constants. They estimated m to be 0.5. 

The limiting current density for hypochlorite reduction is 

Ir = 2FCD/8 (29) 

Substituting Eqs. (28) and (29) into Eq. (26) gives the quadratic 

f-{KC^/i+2)^+ 1=0 


where K = {IFD/d)^ 


(30) 
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Rudolf and coworkers [64,65] represented the current loss, as a function of two 
dimensionless factors, P and Q: 


(31) 

Here, P is related to the concentration of hypochlorite ion in the bulk of the solution and 
Q to its rate of mass transfer towards the cathode surface: 

P = OCl~concentration/Cl“concentration 
Q = limiting current density for OCP /total current density 

This work showed that f' increased monotonically with increasing Q, The relationship 
between and P was more complex. When Q was large, the current inefficiency 
was large and a weak function of P. In agreement with the points made above, the 
conclusion was that a cell should operate at high current density and therefore a high 
degree of conversion. 


15.3. 2. Chemical Production of Hypochlorite 

Powell Fabrication and Manufacturing, Inc., a prominent supplier of bleach plants and 
other chlorine processing equipment, supplied a number of sponsored papers and intern¬ 
ally published documents [66], and much of this section is based on that information. 


75.5.2.7. The Process. When a good local market exists for bleach, the demand usually 
can exceed the quantities that can be made from normal tail gas and may justify the 
installation of plants dedicated to bleach production. This section will show that such 
units also can produce bleach of superior quality. They will be small in capacity, at least 
relative to chlorine plants. They may be considered specialty bleach producers, and one 
of their important functions may be packaging bleach for customers. 

The typical dedicated plant purchases liquid chlorine and 50% NaOH from a manu¬ 
facturer. The process, however, can operate (with suitable modifications) either on liquid 
or on gas. When chlorine is available as the liquid, there are advantages in using it dir¬ 
ectly in that form. This eliminates the expense of a vaporizer and reduces the cooling 
load by absorbing about 16% of the heat of reaction. 

Section 9.1.10.3 A described the chemistry of the reaction and the routes of decom¬ 
position of the primary product. With proper control of the process, the decomposition 
reactions can largely be avoided. Reaction of chlorine with 50% NaOH would far exceed 
the limits of solubility and product stability, and so an essential part of the process is the 
addition of water to control the product concentration. The quality of this dilution water 
largely determines the quality of the final product. With a 50% NaOH feedstock, more 
than half the process input will be dilution water whenever the final product contains 
less than 16% NaOCl. 

Section 9.1.9.3 mentioned the production of NaOCl from liquefaction plant tail 
gas. This is an opportunistic approach to converting a hazardous waste into a useful 
product. The main objective usually remains the safe disposal of the uncondensed 
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chlorine. While there is a possibility of some control over the process and the amount 
of hypochlorite produced, the output still is constrained by the needs of the liquefaction 
plant. Section 9.1,10.3B reviewed some typical equipment configurations that combine 
chlorine recovery with the functions of an emergency vent scrubber. Packed columns 
are a widely used example. The packed column is well suited for the complete removal 
of chlorine from a vent stream. It is less suited for the efficient manufacture of quality 
bleach. Some of the problems are: 

1. A column is an efficient chlorine removal device when the caustic concentra¬ 
tion is high, but high excess caustic concentrations are unsatisfactory for the 
production of bleach. 

2. Restricting the caustic concentration to improve the quality of bleach can make 
a scrubber system uneconomically large or unreliable in an emergency, where 
the available caustic may be insufficient to prevent a breakthrough of chlorine 
gas. 

3. The use of a reactor as an emergency scrubbing device subjects it to unpredictable 
large demands that can destroy process control. 

4. Scrubbing column process conditions are nonuniform (in time and in space), 
promoting corrosion and the development of hot spots. 

5. The caustic in a column is not isothermal because its temperature increases as 
it passes through the column. This leads to undesirable side-effects such as the 
increased production of chlorate. 

6 . Nonuniformity of temperature is pronounced on a microscale, because of the 
low degree of turbulence in the liquid and gas films in a packed column. 

Augmented designs and special techniques can help offset some of these disadvant¬ 
ages [67]. One technique is to operate the scrubber with a safe excess of caustic and 
postchlorinate the liquor under more controlled conditions [66]. The latter step allows 
controlled reduction of the residual NaOH concentration into the desired range. Some 
system designs rely on multiple columns operating in series. This allows staging of the 
caustic concentration. Normal chlorine vents are then handled by a column operating 
at low NaOH concentration. Sudden increases in chlorine flow and emergency releases 
can still be handled by a later column in which the NaOH concentration is higher. A 
problem that remains with any tower operating with little NaOH present is the danger 
of overchlorination. Continued absorption of chlorine in such a case reduces the pH of 
the solution. This sometimes causes decomposition of the hypochlorite in solution, with 
the release of chlorine and formation of foam that overflows the system [68], 

Reactor efficiency improves when reactant flows become more turbulent. 
Section 9,1,10.3E showed that the absorption process can be either liquid- or gas-film 
controlled, depending on process conditions and reactant stream compositions. The con¬ 
trolling regime probably changes during the course of the reaction of a gas bubble, and 
so it is important to provide turbulence in both phases. A reactor based on high-velocity 
circulation of the reacting liquid phase, with injection of gas at a point of high turbulence, 
will be much more efficient than a packed column. Figure 15.16 is a photograph of a unit 
of this type designed specifically for hypochlorite manufacture. Capacities range up to 
150 tpd chlorine equivalent. This design can produce solution concentrations of 3-16.5% 
from chlorine in any of several forms—liquid, dry gas, wet gas, or dilute gas. The NaOH 
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FIGURE 15.16. Packaged bleach plant. (With permission of Powell Fabrication and Manufacturing, Inc.) 


concentration can be anywhere from the minimum required to give the desired product 
strength up to 50%. Use of the more concentrated form requires the addition of dilution 
water. This is combined with the caustic soda stream before the reactor. The good mixing 
and control available in these units are said to result in lower chlorate concentrations in 
the product and to allow the NaOH excess to be reduced from 1% to 0.2-0.3%. 

Flow controllers set the rates of both streams, one being under flow-ratio control. 
In principle, either caustic soda or dilution water can be the master stream, with the 
other following it to maintain the ratio. Blending is controlled by a feedforward system, 
ultimately reset by the product concentration or density. Feedback from caustic con¬ 
centration measurement (usually by density) could be used for final adjustment, but the 
concentration of the hypochlorite solution is the more important variable. The simple 
flow-ratio controller mentioned here can be replaced by a multi-stream version that 
allows use of other streams in addition to the principal 50% NaOH and dilution water. A 
cooler downstream of the mixing point removes the heat of dilution. The standard design 
is a titanium plate exchanger, which can also provide turbulence to complete the mixing 
process. Chlorine joins the diluted caustic in the reactor. Its rate of addition is controlled 
by an oxidation-reduction potential (ORP) instrument. The reaction mass recirculates 
from a collection tank around the system to reduce the increase of temperature across 
the reactor and to promote turbulence. The net production is removed from the tank, 
normally under level control. 


15.3.2.2. Decomposition of Sodium Hypochlorite. Hypochlorites are unstable, and all 
systems for their production or application must be designed accordingly. Decomposition 
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can follow one of two pathways. The more likely is 

3NaOCl ^ 2NaCl + NaClOa (32) 


At the high concentrations of commercial bleach solutions, this is a true second-order 
reaction. The rate of dissociation can be expressed by 

Rate = A:[OCr]2 (33) 

From extensive data gathered by the American Water Works Association (AWWA), 
Gordon and Adam [69] have created a predictive modeling program for the calculation 
of bleach strength and chlorate concentration during storage. While Eq. (33) tracks 
the concentration of hypochlorite over time for a given starting solution, calculations 
for different solutions fail when it is assumed that k depends only on temperature. It 
in fact also depends on the ionic strength of the solution. This means that the rate 
constant for decomposition increases along with the starting concentration. The apparent 
order of reaction in such a partial comparison is greater than two. Doubling the starting 
concentration then increases the rate of decomposition not by a factor of four, as required 
by a second-order reaction with constant but often by a factor of about five. 

One of the practical effects of this situation is that the extent of formation of chlorate 
is greater in strong solutions. Because of the effect of ionic strength, a strong solution 
may actually decompose to a given lower strength more rapidly than a weaker one. It 
will certainly contain a significantly higher concentration of chlorate after the reaction. 

Thus, more dilute solutions will have longer shelf lives and higher purity than highly 
concentrated solutions. They obviously require larger storage facilities and would have 
greater transportation costs. A sensible and practical compromise is to ship concentrated 
solutions and dilute them at the customer’s site (using high-grade water). Those who 
dilute bleach should be aware that it may be necessary to adjust the alkalinity after 
dilution. 

Good storage and handling practices will prolong the useful life of a bleach solution. 
These practices include the use of proper materials of construction, discussed below. Low 
temperature and avoidance of sunlight are other examples of good practices. Chilling 
the bleach to maintain a low temperature is one possible approach. This is done by some 
handlers, but many do not find a justification for this expense. Smaller containers (e.g., 
totes and drums) can be stored indoors, out of the sun and in air-conditioned surroundings. 
Outdoor storage tanks can be opaque and located in a shaded area. In general, those who 
handle bleach solutions should not: 

1 . store very high-concentration bleach 

2 . add new bleach to an existing heel in a storage tank 

3 . ship over long distances in hot weather 

4. store for long times before delivery or use 


Similarly, purchase contracts should include a requirement for the timely delivery of 
material [66]. 
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The second pathway for decomposition evolves oxygen: 

2NaOCl ^ 2NaCl + O 2 (34) 

Under most normal conditions, this is a secondary but possibly troublesome reaction. 
The presence of free oxygen is a problem in itself, but the reaction also has several 
mechanical effects. It can cause gas-locking when the reaction continues in a pump 
that is idle. The pump may then run dry, accelerating mechanical wear and increasing 
the maintenance burden. The gas can accumulate in instruments and piping systems 
that are not well vented. This can cause malfunctioning of instruments and gas-locking 
of the pipes. The accumulation of oxygen in valves can lead to minor explosions and 
blowouts. This is a problem similar to one described in the handling of hydrogen peroxide 
(Section 7.5.9.3A), and the solution is similar. Valves should be vented on the high- 
pressure side. Bali valves, which are commonly used in hypochlorite service, can have 
holes drilled in the balls on the upstream side. This makes it necessary to identify the 
direction of flow on the valve itself to ensure proper installation. 

Decomposition is accelerated by sunlight, low pH, and the presence of heavy metals. 
Avoidance of sunlight is a factor in the design of storage facilities and product containers. 
The problem of decomposition at excessively low pH was mentioned above in connection 
with packed-column performance. The effects of metals vary. Iron, for example, is not 
a particularly strong catalyst for decomposition, but concentrations of more than 1 ppm 
produce discoloration. Certain other metals are stronger catalysts. Nickel and copper are 
frequently encountered examples, and their specifications normally are set at 50 ppb. 
Gordon et aL [70] have reported on the effects of various metals. The order of their 
activity is Ni > Co > Cu > Fe > Mn > Hg [71]. 

Caustic soda is a likely source of nickel from the corrosion of the evaporators 
(Section 9.3.2.1). The nickel content of 50% NaOH can be reduced by addition of a 
corrosion inhibitor to the evaporation process (Section 9.3.4.2). Nickel can be avoided 
in integrated on-site production of hypochlorite by using less-concentrated NaOH from 
membrane cells, without evaporation. 

Other metals commonly found in bleach solutions include calcium, magnesium, and 
iron. These also arise in the process [72]. The principal source of calcium and magnesium 
is the process dilution water. Iron accompanies the caustic, and its concentration depends 
on the type of cell being used. Diaphragm-cell liquor typically contains 0.5-0.6 ppm. 
Further corrosion and concentration by evaporation increase the level of iron to about 
3 ppm in 50% NaOH. Mercury- and membrane-cell caustic solutions generally have 
lower iron contents. Transportation in lined steel carriers and processing (e.g., dilution) 
and storage in carbon steel at the user’s site can increase the concentration of iron. The 
concentration will be highest in storage tank bottoms. 

Most metals are present in bleach largely as very fine suspended solids or colloids. 
Section 15.3.2.4 describes a filtration process and shows the typical results. A simple 
laboratory test for bleach quality uses the timed vacuum filtration of a fixed volume of 
solution through a 0.8 |xm filter [73]. 

Removal of metals improves the appearance of the bleach and reduces the rate of 
decomposition dramatically. The shelf life therefore improves. By removing the residues 
formed by impurities, filtration also makes it possible to use lower-quality materials in 
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the process. In particular, a lower grade of water can be accepted. Use of an aqueous 
waste stream reduces the volume of effluent from the process. Such an arrangement can 
require the use of a multistream blending system with some logic capacity. All these 
advantages may help to offset the cost of the filtration plant. 

When the rate of decomposition of bleach is reduced, achieving the desired product 
strength at the point of use does not require as large a safety margin in the concentration of 
the product from the reactor. This results in a direct savings in raw material consumption. 
The improved yield also saves raw materials, as does the ability to reduce the excess 
caustic concentration. With chlorine and caustic priced at $550 per ecu, the combined 
effect of the three factors just enumerated is about $10 m“^ of 16% bleach [66]. 


15.3.23, Materials of Construction. Preventing contamination of process materials is 
one criterion in the selection of materials of construction. With hypochlorite solutions, 
it is especially important. The presence of contaminants in a solution is itself objec¬ 
tionable. Section 15.3.2.2 discussed the fact that certain contaminants also catalyze the 
decomposition of hypochlorite, reducing the useful life of the product and even creating 
process hazards and mechanical difficulties. 

The choice of metals is highly restricted. The only metals found satisfactory and 
in wide use are titanium, tantalum, and precious metals. Of these, only titanium is used 
in quantity for the construction of equipment. Its application is straightforward, and 
commercially pure metal (Grade 2) is satisfactory without alloying. The other metals 
listed above are used primarily in instruments and other small items. The ban on the 
large majority of metals extends to their use in auxiliary systems. Copper, for example, 
is used in many industrial water systems. It should not be used with bleach dilution water, 
however, because of its catalysis of hypochlorite decomposition reactions. 

Other metals may be used in certain applications and under less aggressive condi¬ 
tions (low temperature, high pH, low concentration) [74]. They include Alloy 20 and 
the silicon cast irons, especially in pumps. Alloys such as Hastelloy C and Chlorimet 3 
show good resistance in some solutions. 

Given the cost of titanium, hypochlorite handling systems usually are constructed 
from nonmetallic materials. The most widely used materials are halogenated polymers, 
polyethylene, and fiber-reinforced plastics (FRP). They often appear as linings on metal 
substrates, and PVC wrapped with FRP is also quite common. Polymeric systems in 
outdoor use should have ultraviolet (UV) light barriers. 

The most serviceable material for centrifugal hypochlorite pumps is titanium. The 
major deterrent to its use is its cost. Other pump materials may be lined with fluoropoly- 
mers (PTFE, ETFE). Diaphragm pumps usually have polytetrafluoroethylene (PTFE) or 
elastomer (preferably Viton) diaphragms. FRP pumps are generally not used. 

The same types of material can be used in piping. Titanium piping will be 
Schedule 10, maximum. It may be used in long welded runs with properly designed 
expansion joints. Most piping, again, is nonmetallic. PVC is common at pressures below 
3.5 bar. It should be Schedule 80, and line velocities should not exceed 2 ms“^. PVC 
can also be wrapped with FRP, FRP piping can be used without a liner, but results are 
often poor because of the difficulty of designing a sound system. Lined metallic piping 
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is also very common. Several different lining materials are acceptable. PTFE-lined pipe 
is more expensive than most, but it gives excellent service over a long life. 

Valves, for the most part, follow the piping material selection. Because of the 
importance of reducing stresses on storage tanks, the valve nearest the tank on a given 
line should be of very high quality. Except on small valves, gear drives are advisable. 
Most types of valves are acceptable. A typical selection is a lined steel plug, ball, or 
butterfly valve. Seals and gaskets are usually fluoropolymers. The physical structure of 
a gasket should match the torque requirement of its application. 

The economic design of high-quality tanks for storing hypochlorite solutions has 
been a long-standing problem [75], Titanium would be an excellent material of con¬ 
struction, but only at a yery high cost. Rubber-lined carbon steel has been widely used 
in both horizontal and vertical tanks. Fiber-reinforced polymers are attractive candid¬ 
ates, but results often have been unsatisfactory. Vinylester resins (e.g., Derakane 411) 
are preferred, and polyester resins also may be satisfactory. Those with high chemical 
resistance are best, and bisphenol A resins, for example, are preferred to those based on 
isophthalic acid. 

Many of the failures of FRP tanks in hypochlorite service stem from inadequate 
mechanical design [75,76]. The presence of a highly corrosive chemical aggravates any 
problems due to poor design. For example, any penetration of the corrosion barrier in 
a standard filament-wound tank allows hypochlorite to follow the continuous strands of 
glass, which are applied on a bias, along and around the entire tank. This can cause early 
catastrophic failure. The use of hand layup or rotational molding instead of filament 
winding can relieve this problem. 

Another common experience is leakage from flat-bottomed tanks. Prevention 
requires special attention to the design and fabrication of the bottom knuckle. Gates [76] 
points out that while the tensile properties of FRP approach those of alloys, the modulus 
of elasticity is only about 3% of that of steel. Therefore, flat-bottomed vessels should 
not be subjected to pressure or vacuum. 

The thickness of the corrosion barrier should not be included in structural calcu¬ 
lations. This principle apparently is often ignored, leading to early failure. Because 
exposure to sunlight increases the rate of decomposition of hypochlorite, good practices 
include the use of UV stabilizers and storage whenever possible in a shaded location. 

Benzoyl peroxide-dimethyl aniline (BPO-DMA) is a superior resin curing system. 
The more common systems are based on methyl ethyl ketone peroxide and cobalt naph- 
thenate. We have already discussed (Section 15.3.2.2) the disadvantages of exposure 
of hypochlorite solutions to cobalt. It is one of the most powerful decomposition cata¬ 
lysts [71], and it has been used for dehypochlorination of process streams and wastewater 
(Section 7.5.9.3B). Some users of FRP tanks avoid the more difficult fabrication tech¬ 
niques required with a BPO-DMA cure, arguing that likely fabrication defects more 
than outweigh the advantages. The highest quality, however, results when these diffi¬ 
culties are overcome and the cobalt is eliminated. There is also some evidence [77] that, 
in general, the use of thixotropic agents in the formulation makes the composite less 
resistant chemically. 

Because of some of the problems with FRP vessels, cross-linked polyethylene 
(XLPE) is sometimes specified for hypochlorite service. The long-term stability of this 
material, however, may be inadequate under certain conditions [78]. Rotationally molded 
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XLPE tanks have a high rate of failure in hot-weather locations. Many of the failures 
have been in swimming-pool applications. The failures were attributed to a combination 
of elevated temperatures, stress, the evolution of reactive oxygen, and frequent refilling 
with fresh concentrated bleach (which keeps the rate of oxygen generation high). 

Particulairly in the case of unfiltered solutions, designers should allow for sedi¬ 
mentation during storage. The normal discharge nozzle should be some distance above 
the floor of the tank (with another nozzle at the bottom to allow complete draining, 
removal of sediment, and occasional cleaning). Conical bottoms facilitate the removal 
of sediment from smaller tanks. 

The design of transfer piping includes proper sizing and routing. If unloading lines 
contain low points that cannot be drained, new material can be contaminated by partly 
decomposed solutions from a previous delivery. 


15,3.2.4. Bleach Filtration. The discussion of brine treatment in Section 7.5 covered 
the characteristics of the particles formed by chemical precipitation and the types of 
filter used to remove them. As that discussion would indicate, the particles found in 
bleach solutions are not easy to filter. Filter aids are necessary, and pressure-leaf filters 
are commonly used. Figure 15.17 shows a typical skid-mounted unit. Pumps and bleach 
filter bodies and plates should be titanium. Nonmetallic components are PVC or PTFE. 
Other components of the system (e.g,, filter aid tanks) may be FRP, Filter aids should be 
diatomaceous earth or Perlite (Section 7.5.4,2). 

Typically, pressure filtration will reduce copper and nickel concentrations below 
or close to the limits of detection, respectively, about 5 and 10 p,gL“^ Residual iron 
normally is 0.2-0.3 ppm [66]. Final disposal of the solids can be by one of the methods 



FIGURE 15.17. Bleach filter. (With permission of Powell Fabrication and Manufacturing, Inc.) 
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discussed in Section 7.5.4.2. In particular, the filter can be backwashed and the resulting 
slurry taken to a dry-cake pressure filter. 

Filtration normally is the last step in the process, before product storage. One of 
its advantages is that, by removing contaminants picked up at any stage of the pro¬ 
cess, it provides a corrective mechanism [79]. It compensates for some deficiencies in 
design and operation. In particular, by removing metals from the bleach, it reduces the 
amount of oxygen generated by reaction (34). Filtration also makes it more feasible to 
produce quality bleach from relatively impure diaphragm-cell caustic. This grade often 
has advantages in price and availability. 


15,3.2,5. Analyses and Specifications, The discussion above stressed the instability of 
hypochlorite solutions. Therefore, accurate analysis requires proper sampling and careful 
handling. Sample containers must be free of the many substances that react with the 
hypochlorite group or catalyze its decomposition. Samples then should not be subjected 
to high temperature or UV light. If prompt analysis is not possible, samples should be 
kept under refrigeration. 

The strength of a hypochlorite solution is usually expressed in terms of available 
chlorine. As explained above, “available chlorine” refers to the amount of chlorine that 
has the same oxidizing power as the active agent found in a given solution. In analysis 
by the starch-iodide test, for example, we have 

NaOCl -h 2KI 4 - 2 CH 3 COOH I 2 + NaCl + 2 CH 3 COOK + H 2 O (35) 
A mole of chlorine also oxidizes two moles of KI: 

CI 2 + 2KI ^ I 2 + 2KC1 (36) 

A mole of hypochlorite therefore has the same oxidizing power as a mole of chlorine. 

A hypochlorite assay can be done on a weight or a volume basis. The standard 
laboratory analysis usually involves pipetting an approximate volume into a weighing 
bottle. The resulting analysis, based on the reduction by thiosulfate of the iodine formed 
in reaction (35), would be in terms of weight % available chlorine or weight % NaOCl. 
The analysis might also be expressed as gpl available chlorine or “trade percent” available 
chlorine. The latter is a hybrid weight/volume measurement that represents the number 
of grams of available chlorine contained in 100 ml of solution. Therefore, 

Trade percent available chlorine = weight/volume% = gpl/10 

= (weight%) X (specific gravity) 

A simpler and more rapid but less accurate assay can be made from the specific gravity 
of the bleach solution. For best results, this requires knowledge of the excess caustic 
concentration. The presence of excess caustic soda increases the specific gravity by a 
small but significant amount. Chlorine Institute Pamphlet 96 [80] gives some physical 
properties. It indicates that, at 20°C, the specific gravity of NaOCl solutions derived 
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from chlorine and NaOH is approximately 

Go = 1.002786 + 0.013547 T - 6.14063 x 10"^ (37) 


where 

Go = specific gravity of solution with no excess NaOH 
T = trade percent available chlorine 

The presence of excess NaOH increases the specific gravity: 

G = Go + 0.00135 X (38) 


where 

G = specific gravity of solution 
X = excess NaOH concentration, gpl 

The coefficients of the linear terms in Eqs. (37) and (38) show that the addition of a small 
quantity of NaOH has roughly the same effect as the same increase in the concentration of 
available chlorine. An excess of 0.5% NaOH (~6 gpl) in 16% bleach produces the same 
specific gravity as a 16.6% stoichiometric solution, a difference of about 4% in assay. 

Example, A solution of 15% (trade) NaOCl and the equivalent amount of NaCl should 
haveaspecificgravityof 1.002786+15x0.013547—225x6.14063x 10“^ = 1.192. To 
determine the assay from the gravity measurement, it would be more convenient to invert 
Eq. (37). Suppose the gravity is 1.21. We use the equation (1 — /)^ = 1 — 1.3384 (Go — 
1.002786), where t = r/110.3. This gives (1 - = 0.722. Finally, T = 16.53%. If 

the solution contains excess NaOH, Eq. (38) also comes into play. With 5 gpl NaOH, 
we have (1 - t)^ = 1 - 1.3384 (1.21 - 1.002786 - 5 x 0.00135), and T = 15.95%. 

The pH of the product solution ranges from about 12 to 13. A frequently specified 
minimum NaOH concentration is 0.3%, corresponding to pH 11.86. Addition of NaOH 
beyond pH 13 (~4.0 gpl) is counterproductive. It provides little added stabilization but 
increases the ionic strength of the solution and therefore the rate of decomposition to 
chlorate. It is important to remember when consulting old tables of specific gravity 
as a function of hypochlorite strength that the old practice was to use a higher excess 
caustic concentration, say, 0.7 or 0.8%. With improvements in quality over the years, 
the specified minimum caustic excess has decreased. Tables based on old solutions will 
show higher gravities than would be found with today’s products. Conversely, a given 
gravity will indicate less than the true strength of a bleach solution. 

A typical specification for sodium chlorate in bleach is 1,500 mgpl. It cannot practic¬ 
ally be removed from a solution but must be controlled by proper reaction and handling. 
Production at lower temperature, lower final product strength, and the proper pH limits 
the in-process formation of chlorate. The use of high-purity ingredients also contributes 
to this. Finally, prompt use of the product limits its gradual deterioration by reactions (32) 
and (34). 

Na 2 C 03 may enter the process along with the NaOH or may form by reaction of 
NaOH with atmospheric CO 2 . Also, in some cases the reaction product may be back- 
treated with CO 2 in order to reduce the excess NaOH concentration. The reason for 
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this is that, while caustic protects the product from decomposition, it also reduces its 
activity as a bleach. The Na 2 C 03 may itself provide some stability, but it can also cause 
precipitation of certain elements or gather suspended solids into larger particles that can 
settle and deposit in equipment, piping, and instrumentation. 

One of the results of contamination of bleach with transition metals is the accu¬ 
mulation of oxygen in pipelines and storage tanks. This has become a safety issue for 
suppliers and utilities. Many utilities have revised their specifications for transition metal 
ions in bleach into the ppb range. This requires more sensitivity and precision in analyt¬ 
ical methods. Pham [81] has studied a number of methods and reported results obtained 
by chloroform extraction colorimetry and ion chromatography. The latter is the preferred 
analytical method. 

The specifications for chlorate and bromate ion concentrations have become more 
important [82,83], particularly with the increased use of hypochlorite solutions as a 
substitute for liquid chlorine in the treatment of potable water. Some authorities will 
limit the fraction of permissible impurity contributed by the disinfecting agent, and in 
some situations this will require the selective use of high-purity hypochlorite. 


15.3.2,6. Safety. Because of the presence of active chlorine and the possibility of evol¬ 
ution of elemental chlorine, hypochlorite solutions are highly corrosive and toxic. No 
one should be allowed to handle these substances without thorough training. Plant 
systems should be carefully designed, using the proper materials of construction 
(Section 15.3.2.3), and in particular should rigidly exclude the possibility of accidental 
contact with excess acid. 

In addition to normal plant requirements (e.g., hard hats), personal protective equip¬ 
ment should include, as a minimum, chemical splash goggles and rubber gloves and 
boots. Some operations may require a full face shield, a chemically resistant suit, 
or a respirator. Safety showers and eyewash facilities should also be in the operating 
or handling area. 

Handling outside battery limits is also important. This encompasses storage, 
loading, and unloading. Spill containment is an important consideration in all these 
operations. The Sodium Hypochlorite Manual [80], published by the Chlorine Institute, 
is a comprehensive source of information. In addition to general safety information on 
bleach solutions of commercial and household strength, it discusses the principles of 
handling, storage, and transport. It considers large-scale bulk systems and, in particular, 
the special aspects of non-bulk packaging and shipping. 


15.3.3. Miscellaneous Applications 

Development of small but sophisticated systems for electrochemical generation of hypo¬ 
chlorite from very dilute solutions of NaCl is of present interest. In recent years, 
electrochemical synthesis of extra-pure sodium hypochlorite solutions for medical use 
has received growing attention [84,85]. The electrolytic solution is an isotonic physiolo¬ 
gical salt solution containing 0.89% NaCl. Another application is the disinfection of 
drinking water that contains only 10-100 mg NaCl per liter [86,87]. Reviews of on¬ 
site generation of hypochlorite for water treatment and of the sterilization of water and 
wastewater include those of Michalek and Leitz [56] and, more recently, Scott [88]. 



ALTERNATIVE PROCESSES 


1389 


15.3.4. Calcium Hypochlorite 

The entire discussion of hypochlorites so far has been in terms of NaOCl. Another product 
in frequent use is calcium hypochlorite, Ca(OCl) 2 . This has meiny of the characteristics 
of NaOCl, but it is an approximately neutral compound and its low solubility makes it 
possible to produce a granular material with a higher available chlorine content. 

In the chemical production of sodium hypochlorite, we had 

2NaOH -h CI 2 ^ NaOCl + NaCl + H 2 O (39) 

The fundamental reaction of chlorine with lime is entirely analogous: 

2Ca(OH)2 + 2 CI 2 ^ Ca(OCl )2 + CaCh + 2 H 2 O (40) 

In the latter case, the insoluble hypochlorite drops from the solution, leaving the CaCl 2 
behind. 

It is possible to recover this residual calcium value as well. Recovery depends on 
the parallel production of NaOCl according to reaction (39). Double decomposition of 
NaOCl and CaCh yields more product: 

2NaOCl + CaCl 2 -> Ca(OCl )2 + 2NaCl (41) 

The sum of reactions (39), (40), and (41) is 

2 CI 2 + Ca(OH )2 + 2NaOH ^ Ca(OCl )2 + 2NaCl + 2 H 2 O 

Ideally, all the calcium used in the reaction becomes part of the product, while the waste 
product contains the sodium value. 

Calcium hypochlorite is isolated from solution as mixed crystal whose composition 
depends on the purity of the lime and on process conditions. It is recovered by filtration 
and dried with hot air to give a solid containing typically 65-70% available chlorine. 
Careful handling and process control minimize mechanical and thermal degradation of 
the product. 

Weaker products result from simple chlorination of lime slurry or solution, and up 
to 35% available chlorine can be achieved in bleaching powder. This is of declining 
industrial importance. 


15.4. PRODUCTION OF CAUSTIC WITHOUT CHLORINE 
15.4.1. Causticization of Soda Ash 

In a process older than the electrochemical route, NaOH is produced by the causticization 
of soda ash. This is an equilibrium reaction between a solution of carbonate and solid 
hydrated lime: 


Na 2 C 03 + Ca(OH )2 ^ 2NaOH + CaCOa 


(42) 
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Calcination of recovered byproduct CaCOs produces quicklime, and slaking then 
regenerates hydrated lime for recycle: 

CaCOs ^ CaO + CO 2 

Ca0 + H20^Ca(0H)2 

With the increase in demand for chlorine, the electrolytic route displaced this process. 
Several plants were built more recently in expectation of a long-term imbalance in the 
markets for caustic soda and chlorine. If this should come to pass, one may expect to see 
the construction of more chemical caustic plants. 

The classical equilibrium constant for Eq. (42) would be written as 

K = [0H-]V[C0T] (43) 

Since the calcium compounds have low solubilities, we can write their solubility 
products as 


[Ca2+][COT] = (44) 

[Ca2+][OH-]2 = K 2 (45) 

From Eqs. (44) and (45), we have 

K 2 IKX = [OH-fnCOj-] = K (46) 

The success of the process depends on the fact that the solubility product of lime (^ 2 ) 
is much higher than that of limestone (^i). Therefore, the value of K is high, and 
equilibrium conversions in turn can be rather high. 

The forward reaction is driven by the carbonate concentration and the reverse reac¬ 
tion by the square of the hydroxyl concentration. The use of dilute solutions therefore 
favors the production of NaOH. A 10% solution of Na 2 C 03 , for example, has an equi¬ 
librium conversion of 96-97% when dry lime is added, while a 15% solution gives 91% 
and produces 2.5-3 times as much soluble carbonate residue. Too high a solution con¬ 
centration also makes possible the production of a double salt of sodium and calcium 
rather than the desired CaCOs. On the other hand, low solution concentrations, while 
favoring equilibrium conversion, increase equipment sizes and in particular, increase the 
evaporative load per unit of product. 

The reaction is nearly thermoneutral (A = —2100 cal mol“^), and so temperature 
has little effect on equilibrium. High temperature increases the rate of reaction and the 
rate at which CaCOa settles from the reaction product. The reaction therefore takes place 
at atmospheric pressure and close to the boiling point. 

One version of the process involves: 

1. Reaction of carbonate solution with lime slurry in agitated tanks. The lime 
gradually converts to limestone. For best results, several reactors are used, and 
the slurry cascades through them continuously. 
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2. Separation of the solids, primarily CaCOa, from the caustic solution. Primary 
separation is in a thickener that produces NaOH solution in the overflow and a 
suspension of solids in the caustic liquor in the underflow. The solids go to a 
second set of thickeners for washing with hot water and recycle filtrate (from 
step #3). The overflow, a dilute caustic solution, is used to prepare the process 
feed solution. 

3. Filtration of the underflow from the second thickener. The filtrate, as noted, 
returns to step #2. The CaCOs returns to the trona plant (see below) or, in a 
dedicated caustic plant, to a lime kiln and slaker in order to prepare the calcium 
value for reuse. The second thickener overflow can also be used in the lime 
slaker. 

4. Evaporation of the caustic solution from the first thickener (step #2) to final 
product concentration. In the production of 50% NaOH, the residual calcium 
salt drops from solution. This evaporation therefore is analogous to that of 
diaphragm-cell liquor (Section 9.3.3.3), but with a lower solids burden. 

Reaction and phase separation can also be batchwise in a single vessel. This of course 
has a low productivity and would be practical, if at all, only at small scale. Some very 
old plants operated this way. The use of solutions recovered from previous batches as 
wash liquors improves process efficiency. 

Paper mills may use this chemistry to recover caustic value, but large-scale chem¬ 
ical caustic production is usually integrated with sodium carbonate. The world’s largest 
source of the latter now is natural trona, which is the dihydrate of the sesquicar- 
bonate (Na 2 C 03 *NaHC 03 - 2 H 20 ). By far the largest source is in Wyoming, in the 
western United States. There are also substantial deposits in Kenya. The Kenyan ore is 
contaminated with fluoride, and so another purification step is necessary in the process. 

Processing of trona involves recrystallization to remove impurities and calcination 
to convert the bicarbonate portion to carbonate. There are two versions in commercial use. 
The older, or sesquicarbonate, process first hot-leaches the crushed ore to extract the min¬ 
eral. This is followed by clarification, evaporation, and cooling. The refined trona is then 
calcined to form soda ash. The newer, or monohydrate, process first roasts the crushed 
ore to form a crude carbonate. This is dissolved and the solution evaporated to crystallize 
the monohydrate, Na 2 C 03 -H 20 . Mild calcination then yields the anhydrous soda ash. 

The monohydrate process is more energy-efficient. Because of the low solubility 
of trona, the dissolving and clarification steps in the sesquicarbonate process both are 
at a high temperature. The solution is more corrosive. The major disadvantage of the 
monohydrate process is the contamination of the carbonate solution with organics and 
minerals such as silicates. This makes a purge of the crystallizer mother liquor necessary. 
Its size depends on the extent of contamination. 

As a matter of interest, we note that a relatively minor source of sodium carbonate is 
the solar evaporation of natural brines (cf. Section 7.1.3). Recovery from a concentrated 
solution is by carbonation with CO 2 . The precipitated bicarbonate is filtered and calcined 
to give the final product. 

Mechanical mining of trona is similar to that of coal or salt (Section 7.1.2). Solution 
mining (Section 7.2.2.4) is an alternative. Because of the low solubility of the bicarbonate, 
the dissolving fluid is a dilute solution of NaOH. This converts the bicarbonate portion 
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of trona into the more soluble carbonate: 


NaHCOa + NaOH ^ NaaCOa + H 2 O 

Production of a 30% solution of Na 2 C 03 theoretically requires about a 6 % solution of 
NaOH, 


15.4.2. Salt Splitting by Ion Exchange 

Various ion-exchange resins are capable of removing chloride and alkali metal ions from 
solution, and so conceptually it is possible to produce HCl and NaOH or KOH by this 
route. The practical problems easily foreseen with such a process include: 

1. the selectivity of the ion-exchange medium for M"*" and Cl“ ions 

2 . the efficiency of regeneration 

3. dilution of process materials in the course of an ion-exchange/regeneration cycle 

4. disposal of used regeneration solutions 

5. the stability of the ion-exchange medium 

6 . the disparity between market demands for HCl and NaOH 

Nayak [89] reported work on a process that would remove most of the technical problems 
listed above, at least in the case of NaOH. The resin cycle includes: 

1. exchange of Na^’" for H"*" 

R-H + NaCl ^ R-Na + HCl 

2 . exchange of NH 4 '^ for Na"*" 

R-Na -h NH 4 OH ^ R-NH 4 + NaOH 

3. deammoniation of the resin 


R-NH 4 ^ R-H + NH 3 

Absorption of ammonia in water makes it is ready for reuse in the second exchange step 
and closes the cycle. 

The decomposition in step (3) requires a temperature of400-500°C. This precludes 
the use of organic resins, and so Nayak used zeolites. Even so, conventional forms 
with Si/Al ratios less than 2 are not thermally stable under these conditions. High-ratio 
zeolites, such as ZSM-5, are preferred. Since ion exchange takes place at the A1 sites, 
the capacities of these resins are rather low. 

Nayak did not demonstrate an integrated process. Rather, he studied the three steps 
individually, in the batch mode, and proposed a continuous process involving moving 
beds of resin in series. Obstacles to commercialization include: 

1 . development costs 

2. lack of market for stoichiometric quantities of HCl 
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3. low capacity of resin, particularly in step (1) 

4. possible contamination of product solutions because of incomplete conversion 
of reactants 

15.4.3. Electrochemical Methods 

The electrolysis of sodium sulfate is a much-studied process for production of caustic 
soda without chlorine. When Na 2 S 04 electrolyzes in a divided cell, oxygen and hydrogen 
form at the anode and cathode, leaving and OH“ in the respective compartments. 
Dilute solutions of sulfuric acid and caustic soda form by the reactions 

H 2 O -> 2 H“^ -h ^02 + 2 e (at the anode) 

2 H 2 O -h 2e H 2 -h 20H“ (at the cathode) 

The overall reaction is the electrochemical decomposition of water. 

With a porous diaphragm, it is difficult to achieve efficient separation of the acidic 
anolyte from the alkaline catholyte. The result is a significant loss of current efficiency. 
Also, the choice of a diaphragm resistant to both sulfuric acid and caustic soda and the 
selection of an anode stable in sulfuric acid solution are limited. These difficulties have 
retarded the development of sodium sulfate electrolysis. 

Grube [90] was probably the first to study sulfate electrolysis in diaphragm and 
mercury cells. He used a porcelain diaphragm and a platinum-iridium anode in a vertical 
diaphragm cell and an asbestos diaphragm, deposited with barium sulfate paste, in a 
horizontal cell. The products were 3N H 2 SO 4 and 3N NaOH, both containing Na 2 S 04 , 
at 0.6 kA m“^ and about 80% current efficiency. The cell voltage was high (~5 V). 

Grube’s horizontal mercury cell more closely resembled the standard salt electro¬ 
lyzers and had an asbestos diaphragm between the electrodes in order to isolate the 
amalgam cathode from sulfuric acid. This cell produced pure caustic soda free of chlor¬ 
ide ions from its amalgam decomposer. However, voltage and energy consumption still 
was high (-4,000 kW hr f* NaOH). 

The availability of perfluorinated membranes and DSA anodes has led to new devel¬ 
opments in the electrochemical splitting of Na 2 S 04 . The anode for the oxygen evolution 
reaction is a DS A with iridium replacing at least some of the ruthenium in the oxide lay¬ 
ers because of the greater resistance of Ir 02 to acidic solutions. In some cases, especially 
those involving high current density, Ta 205 replaces the Ti 02 . 

These anodes are used extensively in electrogalvanizing, tin electroplating, elec¬ 
trochemical production of copper foil for printed circuit boards, and electrowinning of 
copper and zinc [91-95]. The application of oxide-coated anodes to sodium sulfate elec¬ 
trolysis so far is small and is not a major driver of electrode development programs. 
However, environmental concerns associated with byproduct or waste sodium sulfate, 
along with possible imbalances in the demand for chlorine and caustic soda are enough 
to maintain interest in the technique. 

Figure 15.18 shows that there are two types of membrane cells used to split 
Na 2 S 04 . In a cell divided by a cation-exchange membrane (A), purified and concentrated 
Na 2 S 04 solution is fed to the anode compartment. Oxygen is generated at the anode, 
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FIGURE 15.18. Electrolyzers for splitting sodium sulfate. AM: Anion-exchange membrane; CM: 
Cation-exchange membrane. 


leaving ions. Sodium ions pass through the membrane into the cathode compartment. 
Hydrogen is generated at the cathode, along with NaOH. Some also passes through 
the membrane. It neutralizes some of the OH”, reducing the current efficiency and the 
yield of NaOH. The catholyte is a usable form of caustic soda. The anolyte is a mixed 
solution of H 2 SO 4 and Na 2 S 04 , which may or may not have a practical application. 
In the second cell design (B), concentrated Na 2 S 04 solution enters a central compart¬ 
ment between anionic- and cationic-exchange membranes. The electrode reactions, as 
in the two-compartment cell, are oxygen and hydrogen evolution. In this case, sodium 
ions again pass through the cationic membrane into the cathode chamber. This is a case 
of electrodialysis rather than electrolysis. The sulfate ions permeate the anionic mem¬ 
brane into the anode compartment. Theoretically, this cell can produce pure H 2 SO 4 
and NaOH solutions. The depleted sulfate from the central compartment recycles to the 
brine treatment process. Unfortunately, versatile and robust anion-exchange membranes 
comparable to the cation-exchange membranes used in chlor-alkali cells are not avail¬ 
able. Consequently, most research and development efforts have been devoted to the 
electrolytic process using membranes such as Nation® [96-103]. It would seem that this 
process requires further development in its application to solutions generated in chlor¬ 
ine plants. Development of a durable anion-exchange membrane would provide more 
process options and increase the probability of commercial success. 

Because of the high thermodynamic decomposition voltage and the oxygen over¬ 
voltage, high energy consumption is characteristic of sulfate electrolysis. Substitution 
of a hydrogen-depolarized anode for the conventional type could reduce the cell voltage 
and hence the energy consumption [104]. 

DeNora Permelec S.p.A. has developed an electrolyzer (trade name Hydrina) with 
such an anode [104,105]. The first application has been the production of NaOH from 
Na 2 C 03 . The cell has three compartments, separated by a cation-exchange membrane 
on the cathode side and a porous diaphragm on the anode side (Fig. 15.19). The hydro¬ 
gen generated at the cathode goes to the depolarized anode. Water is fed to the cathode 
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FIGURE 15.19. Electrochemical production of caustic soda from sodium carbonate/bicarbonate using 
Hydrina™ electrolyzer CM: Cation-exchange membrane; DIA: Diaphragm. 


compartment, and caustic soda is recovered. The electrolyte fed to the central compart¬ 
ment is a solution of sodium sulfate. The mixed anolyte (Na 2 S 04 and H 2 SO 4 ) goes 
to a reactor/separator for reaction with solid sodium carbonate or bicarbonate. This 
regenerates sodium sulfate for recycle to the cell. The overall reaction becomes 

Na 2 C 03 -h H 2 O ^ 2NaOH + CO 2 

A second Hydrina process involves recovery and recycle of caustic soda and a 
mixed solution of Na 2 S 04 and H 2 SO 4 . This is similar to the two-compartment cell 
of Fig. 15.18, but it uses the hydrogen-depolarized anode instead of the conventional 
type. A third version uses a three-compartment cell with the hydrogen anode [106,107]. 
Saturated Na 2 S 04 enters the central compartment, and water is added to the electrode 
compartments. The products are sulfuric acid and caustic soda of high purity. 

Another technology involves the electrochemical splitting of sodium sulfate to form 
caustic soda and ammonium sulfate [102]. The addition of ammonia to the anolyte of 
a three-compartment cell forms ammonium sulfate, and the low acidity of the anolyte 
reduces the back-migration of H"*" from the anode compartment. 

Thus, the development of durable anodes and versatile ion-exchange membranes has 
opened an opportunity for commercialization of sodium sulfate and electrodialysis. Vari¬ 
ous electrolyzers, processes, and applications have been proposed to handle byproduct 
sodium sulfate from various industries. Developers include ELTECH Systems Corpora¬ 
tion [96] and Aquatech™ Systems [108]. An estimated capital cost for treating 100,000 
tpy of Na 2 S 04 is $200-250 MM [109]. 
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16 

Environmental Safety and 
Industrial Hygiene 


16.1. GENERAL INTRODUCTION 

Safety considerations are inseparable from the principles of good design and operation 
and so have been a constant theme in our discussion of the chlor-alkali process. The 
preceding chapters deal with the practical details of direct protection of personnel in 
the workplace. They refer frequently to the programs and publications of various organ¬ 
izations with special interest in industrial safety. Other publications [1,2] also discuss 
operating safety and provide guidance in design and operation. In this chapter, we con¬ 
sider safety more generally and also provide more quantitative information on hazard 
levels. To put those hazards in perspective and show the degree of success the industry 
has had in coping with them, consider the following [3]: 

1. In 40 years of production, transport, and use in Western Europe, the number of 
fatalities caused by exposure to chlorine is equal to the number of road fatalities 
on a typical weekend in Belgium 

2. A chlorine plant worker faces the following relative risks of accidental death 


At work 1 

At home 5 

In an automobile 11 


These are calculated from Van Diest’s data [3] on the arbitrary assumption of 45 hr spent 
at work, 110 hr at home, and 13 hr in an automobile. In the 1930s, 11 fatalities occured 
in the industry per million tons of chlorine produced worldwide. By the 1980s, it had 
dropped to 0.15 (0.04 in the Euro Chlor (EC) countries). The 1.5 fatal accidents suffered 
in 10^ exposure hours compare favorably to 3 in the chemical industry as a whole and 5 
in all manufacturing industry. 

After discussing the hazards associated with various materials and process condi¬ 
tions in Sections 16.2 and 16.3, this chapter turns to the prevention and the mitigation 
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of accidents (Section 16.4). Personal protective equipment (PPE) and administrative 
programs are both covered. There is an emphasis on process safety management (PSM) 
and hazard analysis programs. Finally, we discuss methods to reduce the effects of the 
release of chlorine. The chapter closes with a discussion of waste minimization and 
disposal (Section 16.5). While this covers all the principal wastes from a chlor-alkali 
plant, it concentrates on those containing mercury. 

There are many ways in which toxic materials may act to harm the body and several 
ways in which they may be enabled to do harm. The latter include contact, ingestion, and 
inhalation. A given material can present a hazard by all three routes (hydrochloric acid 
is an example), but more frequently one route predominates. Materials such as sulfuric 
acid and caustic soda or potash are corrosive to tissue and are primarily contact hazards. 
The familiar major episodes with mercury are due to ingestion. Chlorine and asbestos 
are primarily inhalation hazards. 

An ingested or inhaled material usually requires a bodily process to spread 
throughout the system or to reach an organ where it accumulates. At the same time, 
some is eliminated from the body or rendered harmless. It is therefore possible to 
establish safe limits for most materials below which conversion and elimination 
prevent dangerous accumulation. These limits appear throughout the literature and 
on material safety data sheets (MSDS). Contact hazards, on the other hand, usu¬ 
ally act locally and immediately. These hazards can be mitigated by dilution, but 
this reduces the usefulness of most materials and is not a practical approach in a 
production area. 

Ingestion hazards are not a major issue in the workplace. Rarely does someone 
drink from a beaker of sulfuric acid. There is a first line of defense against inhala¬ 
tion hazards. Their concentrations in the environment can for the most part be kept 
below dangerous levels. PPE is the second line, used in case of release or infrequent 
work in a hazardous situation (e.g., opening of equipment or pipelines). Complete pro¬ 
tection against contact hazards requires absolute prohibition. Methods for achieving 
this include confinement of the hazard, good work practices, and the use of protective 
equipment. 

With its many references to safety regulations and supervisory agencies, this chapter 
is especially rich in abbreviations and acronyms. A glossary of some of these terms is 
included at the end of the chapter. 


16.2. MATERIALS HAZARDS 

The subsections that follow cover the hazards associated with the various materials 
used and produced in a chlor-alkali plant. These include chlorine, hypochlorites, caustic 
soda and potash, hydrogen, hydrochloric acid, sulfuric acid, mercury, asbestos, nitrogen 
trichloride, and miscellaneous materials. 

Exposure limits for toxic materials in the atmosphere often appear as Threshold 
Limiting Values (TLVs) or their equivalents. TLVs are not official or consensus stand¬ 
ards [4], and their publishers advise against adopting them as a matter of course. They 
should be viewed as one source of data, fixed without regard to cost-benefit analysis or 
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the practicability of measurement. Several different measures exist: 


TLV-TWA Time-weighted average 
TLV-STEL Short-time exposure limit 
TLV-C Ceiling 


The TWA is set assuming a 7-8-hr working day and a 40-45-hr working week and is 
usually based on atmospheric conditions of 25°C and 760mmHg. The STEL allows 
excursions above the TWA. Regulations in the United States allow up to four excursions 
a day of no more than 15 min each, with at least an hour between excursions. The 
STEL is set to prevent (1) intolerable irritation, (2) chronic or irreversible tissue change, 
and (3) narcosis sufficient to promote accidents, impair self-rescue from a hazardous 
area, or reduce work efficiency. The ceiling concentration is just that; no excursions of 
any duration above TLV-C are permitted. 

TLVs are set by various competent authorities and may vary from one part of the 
world to the next. A toxic material may be assigned only one or any combination of 
the three parameters defined. With the shortage of data involving human exposure to 
these materials, the process of arriving at a TLV is highly judgmental. In any event, 
specific values of TLV do not become reliable design parameters. Design engineers 
follow evolving standards and good practices to arrive at a safe design, always keeping 
in mind the fact that TLVs are usually set for normally healthy individuals. A diverse 
work force of any size will have individual members who are more sensitive than the 
average to various kinds of exposure. 


16.2,1. Chlorine and Hypochlorites 

The corrosiveness of wet chlorine is due to its hydrolysis to hydrochloric and hypochlor- 
ous acids. The latter has its own corrosive properties. The combination of the two acids 
is therefore more potent than HCl alone, and some of the corrosive properties remain 
after neutralization and the formation of the free hypochlorite ion. Hypochlorites, when 
contacted with strong acid, also revert to molecular chlorine, which is easily released 
from solution. Hypochlorites, therefore, must be treated as potentially very toxic, with 
special precautions to prevent their exposure to acids. 

There is copious literature on the toxic effects of chlorine, not reviewed here. This 
includes direct studies of toxicity, calculations of the spread and consequences of the 
releases of gas, and accounts of some of the major accidents and other incidents that 
have occurred. 


16.2.1.1. Nature of the Hazard. Standard hazard ratings for chlorine are: 


Health 3 

Flammability 0 
Reactivity 1 
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These ratings follow the National Fire Protection Association (NFPA; USA) Standard 
704, which designates the severity of each of these hazards on a 0-4 scale. The health 
rating, for example, corresponds to “extreme danger.’’ These ratings appear on familiar 
labels applied to containers, storage tanks, operating equipment, and enclosed storage 
areas. The numbers are placed on the four comers of a diamond and are often color-coded 
for instant identification (e.g., the health hazard is on a blue background). While chlorine 
is not a fire hazard in itself, it reacts violently with many materials and can cause fires. 
Proper care in handling and storage in isolation from these materials control this hazard. 
Chlorine is a strong oxidizer, and its reaction with other materials can also generate 
dangerous byproducts. The major concern with chlorine, however, is its rating as an 
extremely dangerous health hazard. It irritates mucous membranes, the respiratory tract, 
and the eyes. Inhalation produces coughing, burning, vomiting, chest pain, headache, 
anxiety, and feelings of suffocation. It can permanently damage bodily membranes, and 
its ultimate action on the lungs is to produce pulmonary edema and death. The effects 
can be related to its concentration [5]: 


0.2-0.5 ppm 

No toxic long-term effect 

1-3 ppm 

Odor; irritation of eyes and nose 

5-8 ppm 

Throat, eye, and mucous membrane 
irritation 

30 ppm 

Intense coughing fits 

34-51 ppm 

Lethal in 1-1.5 hr 

40-60 ppm 

30-60 min without effective respir¬ 
ation can cause bronchitis, bron¬ 
chopneumonia, or edema 

100 ppm 

May be lethal after 50 min 

430 ppm 

Lowest level known to be lethal in 
30 min 

1,000 ppm 

May be fatal with a few deep breaths 


Chlorine is not an insidious hazard. Its maximum allowable concentration is more 
than 10 times its odor threshold [6]. This is a relatively high ratio. The ratio for ammonia, 
for example, is less than five and for toluene, less than one. The odor threshold and 
the level at which the presence of chlorine becomes intolerable depend not only on the 
individual but also on a host of other variables. Notwithstanding this complexity, the 
World Health Organization (WHO) reports that it is generally accepted that chlorine, 
when present at undetectable levels, has no effect on human reflexes [7]. 

The WHO report also summarizes a number of studies on industrial workers exposed 
to chlorine. While the pattern is a bit confusing, the conclusion from any study that 
included a control group is that there are no chronic effects that can properly be attributed 
to chlorine. 


76.2.7.2. Monitoring for Exposure to Chlorine, Medical surveillance of workers for 
the effects of exposure to chlorine is valuable, but real-time field monitoring is more 
proactive. Area monitoring to discover and track leaks has already been mentioned as 
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a useful technique. The topic in this section is the individual monitoring of workers for 
exposure to chlorine. The best approach for personal monitoring is full-period sampling, 
and EC [8] lists a number of lightweight electrochemical sensors that can be worn by 
employees. These generally have data-logging functions and software that can download 
the data for recording and analysis. The sensors usually operate under constant voltage 
and respond to chlorine that permeates a plastic membrane into a liquid electrolyte. This 
mechanism makes the instruments sensitive to other halogens and to gases such as HCl, 
HF, and CIO 2 . 

There must be a clear definition of what is to be considered dangerous or unaccept¬ 
able. EC’s approach is to use short-term exposure data and to compare them to the STEL, 
which it defines as the maximum acceptable TWA concentration over a 15-min period. 
The anticipated value, somewhat conservative, is 0.5 ppm. At the time of publication of 
this standard, various national exposure limits were between 0.5 and 1.0 ppm, averaged 
over an 8-hr day, with STELs most frequently at 1.0 ppm. 

The reliability of a database is enhanced and the administrative burden eased by 
grouping workers who have similar duties or who work in proximity to each other. 
Each of these Similar Exposure Groups (SEGs) will have a certain exposure profile. 
Health and safety analysts then can use pooled exposure data to determine the probability 
that a member of any given SEG has encountered a particular risk. Once an adequate 
database is available and a clear frequency distribution emerges, EC recommends the 
following: 

1. if the probability of the atmospheric concentration of chlorine exceeding the 
STEL is less than 0.1% and if it can be shown that the data are representative 
for the long term, further measurements are unnecessary; 

2. if the probability of exceeding the STEL lies between 0.1% and 5%, exposure is 
acceptable but monitoring must continue, with repeat measurements at defined 
intervals; 

3. if the probability of exceeding the STEL is greater than 5%, exposure is 
unacceptable, and control measures are necessary. 

The threshold value of 5% probability of exceeding the STEL follows the recommend¬ 
ation of Annex D of the European Standard EN 689. 

Title 29 of the Code of Federal Regulations (CFR; USA) defines the employee 
exposure as that which would occur in the absence of respiratory protection. One line 
of defense in any activity in which there is a relatively high probability of expos¬ 
ure to high concentrations of atmospheric chlorine is to require the use of respirators 
(Section 16.4.1). 


76.2.7.5. Protective Equipment. Section 16.4.1 discusses safety equipment in general 
and gives some guidelines for the use of PPE when exposure to chlorine is possible. 
The first line of defense against exposure to chlorine gas is the ubiquitous mouthpiece 
respirator. No one should be present on a chlorine plant or chlorine-using facility without 
one of these. However, their function is strictly to permit escape from a contaminated 
area. When someone must work in an area where chlorine gas may be present, some way 
of supplying uncontaminated air is necessary. The work may be standard maintenance 
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TABLE 16.1. Characteristics of Respiratory Equipment 


Type of respirator 

Classification 

Characteristics 

Self-contained 
breathing apparatus 
(SCBA) 

Atmosphere-supplying 

Highest level of protection against airborne 
contaminants and oxygen deficiency. 

Highest level of protection under strenuous work 
conditions 

Positive-pressure 
supplied-air 
respirator^ (SAR) 

Atmosphere-supplying 

Less bulky and heavy than SCBA. Weighs less than 
2.5 kg* 

Enables longer work periods than SCBA 

Air-purifying 

respirator 

Air-purifying 

Enhanced mobility. Lighter than SCBA. Weighs less 
than 1 kg^ 

Air supply from cylinder. Highest level of protection 

Open-circuit SCBA 

Entry-and-escape 

Escape only 

Air supply from cylinder. Highest level of 
protection. Heavier than closed-circuit type. 
Shorter operating time 

Weighs less than 5 kg. Provides only 5-15 min of 
protection 


Notes: 

^ Also called air-line respirator. 

^ Add 5 kg if escape SCBA is provided. 
Without power unit. 


or it may be connected with an emergency. The fundamental decision to be made here 
is whether to use a self-contained breathing apparatus (SCBA) or to rely on an external 
supply. Table 16.1 summarizes a comparison of several types of apparatus [9]. 

The basic deficiencies of a SCBA are its limited supply of air and the need for 
the worker to carry a bulky, heavy weight (typically 15 kg). The use of an air-line 
respirator attached to a compressed air line seems to remove these problems. However, 
the supplied-air respirator (SAR) has several deficiencies of its own: 

1. possible damage to the supply hose 

2. kinking or snagging of the hose, reducing the rate of supply of air 

3. loss of pressure at the source 

4. still some reduction in mobility 

5. need to retrace steps in order to leave an area 

Because of its limitations, the SAR is not recommended for use in situations that can be 
immediately dangerous to life or health without some other protection to allow escape 
as the last resort. 


162,1,4. Environmental Fate of Chlorine, Most of the chlorine released to the atmo¬ 
sphere reacts to form HCl. This returns to the earth as acid rain and must be accounted 
for in evaluating that phenomenon. The HCl concentration in rain in the United States 
typically is 0.15-0.2 iJigpl [10]. Using the higher number, one calculates that, in a year 
of average precipitation [11], the city of Chicago receives about 100 kg of HCl. The total 
chlorine acid rain burden is less than 1% of that due to SO 2 , but it is still a factor in the 
corrosion of buildings, etc. [12]. 
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16.2,2, Caustic Soda and Potash 

Caustic soda and potash are classified as corrosive materials. While they are generally 
regarded as stable, they rapidly attack and destroy leather, wool, and aluminum, zinc, tin, 
and their alloys. Reaction with the metals can produce hydrogen and create an explosion 
hazard. Neutralization with strong acids is highly exothermic, and so is dilution. In all 
forms of storage, caustic materials should be kept separate from acids. 

The major hazard with caustic solutions is bodily contact [13]. Both NaOH and 
KOH are very strong alkalis and are corrosive to human tissue. A concentration of 
1 mg m"^ of NaOH in the air, as mist or dust, can cause mild watering of the eyes. 
A concentration of 2 mg m“^ is taken as an average or a ceiling exposure limit. The 
National Institute of Occupational Safety and Health (NIOSH) now lists 10mgm“^ as 
immediately dangerous to life or health (changed from 250 mg m“^ c. 1995). Those who 
work with these materials must also be alert to delayed symptoms, as minor contact may 
not produce immediate effects. 

The use of PPE depends on the sorts of operation undertaken [14]. Equipment 
is sometimes covered by regulation (e.g., in the United States, CFR Title 29, Parts 
1910.132-134 and 262). Typical items are hard hats, splash goggles, full-face shields, 
rubber boots and gloves, etc. Note that because of its reactivity, leather is not suitable 
for footwear. Contact of leather with caustic solutions can be an insidious hazard, as the 
reaction is slow and its effects may not be seen for some time. 

Training is a vital part of the safety program for those exposed to caustic. It should 
meet all regulatory requirements and cover all aspects necessary for each job involved. 
Plant programs must also include reporting procedures for all incidents and an emergency 
response procedure. 

Mercury-cell caustic carries the incidental hazard of its mercury content. The haz¬ 
ards of mercury are the subject of Section 16,2.6. Filtration of caustic to remove mercury 
is part of the subject of Section 9,3.2.6. With proper handling, the mercury content of 
filtered caustic is quite low, and according to the Environmental Protection Agency (EPA) 
of the United States [15], all the mercury in NaOH and KOH solutions amounts to less 
than 0.2% of the total anthropogenic release. 


16,2.3. Hydrogen 

The major hazard with hydrogen is its wide explosive range in air. Section 9.1.11.1 
pointed out that hydrogen also forms explosive mixtures with chlorine £ind discussed 
measures to control this hazard. 

Other than being a simple asphyxiant, hydrogen does not present a personal hazard. 
Therefore, it is not discussed further in this section. 


16.2.4, Hydrochloric Acid 

The term “hydrochloric acid” properly refers to aqueous solutions of hydrogen chloride, 
and the material is sometimes referred to as muriatic acid. Certain plants produce the 
anhydrous form for sale. Otherwise, it is not a frequent hazard in the chlor-alkali 
industry and so is not considered here. 
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Hydrochloric acid is a strong acid that reacts readily with metals and their oxides, 
many organics, and alkaline materials. Its dilution is quite exothermic, and the partial 
pressure of HCl vapor over concentrated solutions is substantial and produces an inhal¬ 
ation hazard. The acid reacts rapidly with bodily tissue, and prevention of contact with 
any part of the body is essential. Short exposure to the skin can cause severe bums, and 
contact with the eyes causes lachrymation and severe irritation of the cornea. This can 
result in permanent impairment or loss of vision. The ceiling concentration of HCl in 
the air is usually set at 5 ppm. A 32% solution of HCl at 30°C exerts a partial pressure 
of about 50 mm Hg, giving a concentration of more than 13,000 times as large as the 
TLV-C just mentioned. Confinement of vents, including those from storage tanks that 
hold concentrated acid, is necessary. 

Grossel [16] discusses the safe handling of HCl solutions. Grossel [17] and 
Gallant [18] describe proper techniques for pumping and transferring toxic liquids and 
for training operators in these techniques. Section 1.5.62 describes in some detail the 
requirements for HCl used in the acidification of brine. It also discusses materials of 
construction and the design of handling facilities. 


16.2.5. Sulfuric Acid 

The major hazard associated with sulfuric acid is its rapid destmction of bodily tissue. 
Protective equipment is essential. The types and extent of protective equipment depend 
on the activity that is undertaken. Supplier data sheets should be used to specify the 
gear used in each operation involving sulfuric acid. Grossel [19] also covers this subject. 
Section 9.1.4.4 discusses the precautions necessary when handling sulfuric acid. 

Secondary hazards are the breathing of acid mists and the possibility of fire caused 
by reaction of the acid. The ease with which sulfuric acid forms mists and the types 
of apparatus used to control them have already been mentioned in Section 9.1.5. The 
threshold limit has been set at 1 mgm“^. Most people easily recognize mists of this 
concentration. Concentrations of 5 mg m“^ are highly unpleasant and are detected imme¬ 
diately. The acid itself is nonflammable, but contact with a strong acid can lead to 
ignition of combustible materials. The acid also reacts with many metals to release 
hydrogen gas. 

Oleum, which is found infrequently in chlor-alkali plants, is an enriched form of 
sulfuric acid containing free SO 3 . It is characterized by its SO 3 concentration or referred 
to as “X% acid” with X > 100. It has all the hazards of H 2 SO 4 in addition to that of an 
objectionable vapor concentration of SO 3 . 

Sulfuric acid must also be handled as a waste product from the drying columns. 
The hazard of dissolved chlorine appears while all the hazards mentioned above remain. 


16.2.6. Mercury 

The toxicity of mercury has long been recognized, and the most widely known example 
is the syndrome found among felt workers, primarily in the 19th century. This became 
famous through CarrolTs Mad Hatter. Early scientific workers made extensive use of 
mercury. Being unaware of its hazards, they were often quite careless in their handling 
of the metal. Isaac Newton’s breakdown in the 1690s has been attributed to mercury 
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poisoning (traces of mercury were detected in his hair), and it has been suggested 
that Michael Faraday’s health problems were also due to mercury exposure [20,21]. 
While direct exposure to mercury vapor was responsible for these problems, more 
recent serious incidents have involved ingestion of organomercury compounds. An 
example is the Minamata Bay experience in Japan, which was the result of the accumu¬ 
lation of 5-20 ppm of mercury in seafood [22]. A major source was the dumping of a 
mercury-based catalyst used in the production of acetaldehyde. An outbreak in Iraq in 
1972 resulted from eating bread made from seed wheat treated with a methyl mercury 
fungicide. 

In the 1970s, high levels of mercury were found in fish taken from Lake St. Clair, 
which lies between the United States and Canada. Chlorine plants that dumped depleted 
brine into the waterways were among the contributors. Before these incidents, many 
assumed that the very low solubility of mercury meant that it would have great difficulty 
entering the food chain. However, it can be assimilated by certain water-borne bacteria 
and converted into methyl mercury and its compounds. Eventually, mercury appears in 
the fatty tissue of fish, concentrated more than 1,000 times. It continues to concentrate 
as it works its way through the food chain. In a recent development, the EPA adopted a 
new criterion for water quality based on the level found in fish. The level of 0.3 ppm is 
equivalent to 7ngL~^ in the water, a 7-fold reduction from the previous standard. This 
is said to be the first standard based on accumulation of a substance in marine life rather 
than on its concentration in the water [23], 


16.2.6.1. Mechanisms. Mercury is a ubiquitous pollutant with many sources, both 
anthropogenic and natural. Natural emissions to the atmosphere, as reported by the 
WHO, are an estimated 2,700-6,000 tons/year [24]. Human actions contribute another 
2,000-3,000 tons/year. Mercury, in its various forms, is also highly persistent and is 
a bioaccumulator. The Chlorine Institute (Cl) [25] has published an extensive review 
of its sources and its toxicology. EC [26] has adopted a code of practice to control the 
exposure of workers to mercury. 

There are two primary reasons for concern over human exposure: 

1. direct exposure of workers to the metal and its vapor 

2, bioaccumulation of mercury and exposure of the public to ingestion of 
organomercury compounds with foods 

The body will absorb about 90% of the elemental mercury in inhaled air. Corresponding 
to its unique status among metals of being a liquid at subambient temperature, mercury 
has a relatively high vapor pressure. At 30°C, it is 0.0028 mm Hg. The equilibrium 
concentration of the vapor in air thus is about 3.5 ppm or 28mgm“^. Based on low¬ 
est observed adverse effect levels (LOAELs), the WHO’s estimated guideline for the 
concentration of mercury in air was 1 |xgm“^, less than 0.5% of the equilibrium con¬ 
centration above the metal. Accepted values of the TLV-TWA are more than another 
order of magnitude lower, at 0.025 or 0.05 mgm“^. The smaller of these represents a 
partial pressure more than 1,000 times smaller than the vapor pressure. Good ventila¬ 
tion in a mercury-handling facility is essential, and Section 16.5.5.2 will refer to recent 
improvements in the containment of mercury vapor. 
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On a grand scale, mercury released into the atmosphere can be the cause of elevated 
concentrations in bodies of water. Most of it is scrubbed from the air by rainfall. In a 
1990 report, this route accounted for about one third of the total pollution of water by 
mercury [27]. 

The toxic effects of mercury depend on its chemical state. The organomercury com¬ 
pounds that form through biological action are generally toxic and have been responsible 
for the most notorious incidents leading to restrictions on chlor-alkali plant operations. 
Their efficient absorption by the body makes them more dangerous. Most methyl mercury 
compounds, for example, are nearly completely absorbed in the gastrointestinal tract. 
Most of it accumulates in the brain. In aqueous solutions, mercuric ions are the toxic 
species. In contrast to the organic forms, only about 10% of ingested inorganic mercury is 
absorbed, and that accumulates in the kidneys. The nervous system is the most sensitive 
part of the body to acute exposure to very high concentrations of mercury, which can cause 
loss of memory, insomnia, irritability, excessive shyness, and emotional instability [26]. 

The danger of inhaled mercury vapor (elemental or metallic mercury) is in its 
ability to penetrate the brain by way of the bloodstream. There, it disrupts the metabolic 
processes. The liver and kidneys are other major organs of deposition. Furthermore, 
mercury is retained in the body and eliminated very slowly. Rates of elimination vary 
with the organ involved. Significant levels can remain in the brain, for example, many 
years after exposure has stopped [26]. 

The metal can also be absorbed in some quantity through the skin. Allergic contact 
dermatitis is possible, but rare. Mercury is classified neither as a carcinogen [28] nor as 
a reprotoxin [29], but it can cross the placenta and the fetal blood/brain barrier. Pregnant 
and nursing mothers should undergo a risk assessment before working with mercury [30]. 

Table 16.2 [31] summarizes the exposure of a hypothetical average person to 
the three principal forms of mercury. The largest numbers are associated with dental 
amalgam and the eating of fish. While estimates of the intake of mercury vapor from 
dental fillings show rather extreme variations [31,32], they are said to account for90-99% 


TABLE 16.2. Retention of Mercury by an Average 
Person^ 


Source 

Form of mercuiy 


Elemental 

Inorganic 

Organic 

Atmosphere 

30-160* 

0 

0 

Drinking water 

0 

5 

0 

Food: fish 

0 

60 

2300 

Food: non-fish 

0 

0 

7 

Dental amalgam 

3-17,000'^ 

0 

0 


All data in ng/day. 

Weight = 70 kg; retention of mercury from various sources 
^estimated to be: elemental, 80%; inorganic, 10%; organic, 95% 
Extremes are typical of rural and urban environments, respectively. 
Estimate of Olsson and Bergman [32] shows only 2000 ng/day. 
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of the total exposure to the element. While intake from the atmosphere then appears to be 
relatively minor, and most of that source is a product of natural release, there is no case 
for less vigilance in control of industrial emissions. Much of the mercury released into the 
air returns dissolved in precipitation, finally to be converted into methylmercuric com¬ 
pounds by marine life. The concentration factor for methylmercury (fish tissue/water) is 
10-100,000 [33]. 


16.2.6.2. In-Plant Surveillance. A good medical surveillance program will include pre¬ 
employment examinations of all employees and periodic checkups. Those whose duties 
are most likely to expose them to mercury should be tested at least annually. Medical 
surveillance should be supplemented by analyses of plant products, emissions, and 
effluents and by an environmental monitoring program. Employee monitoring may be 
on a personal basis or by way of atmospheric measurements. 

The level of mercury in the blood is a good indicator of short-term effects. It is 
a useful tool when a severe exposure is suspected. Mercury in urine tracks long-term 
exposure more accurately and reflects the average kidney burden over a period of 2-4 
months. The test is noninvasive and has become the industry standard. Analysis is based 
on spot samples. There are known to be diurnal variations, and the concentration of the 
urine itself is a factor in the level of mercury. While the diurnal variations are a small 
part of the total variance of the procedure, they are easily and conveniently eliminated 
by standardizing the time of day for collecting samples. External contamination also is 
avoided by taking samples at the beginning of a shift or, after showering, at the end. 
Variations in urine concentration are offset by normalizing the mercury analysis against 
creatinine. This is a component of urine that is taken as an indicator of the total dissolved 
concentration. The criteria for action are: 


|xg Hg/g creatinine 

Action 

<50 

None 

50-100 

Review employee work practices 
and use of PPE 

>100 

Remove employee from exposure 
until level is below 75 and 
confirmed by second week’s sample 


An annual average below about 35 for an SEG should produce a minimum number of 
cases above 50 fig Hg/g creatinine. Mercury levels are sometimes high because of dental 
amalgam. This is a fact to keep in mind and to investigate if certain workers consistently 
show abnormally high levels. 


16.2.6.2A. Area Monitoring. Monitors should be distributed throughout the workplace, 
with one measuring point for every 200^00 m^ of floor area. They should be concen¬ 
trated in the locations where workers spend most of their time. The sample points should 
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be at breathing level. There will be diurnal variations in concentration due to temperature, 
work patterns, etc. Therefore, best results require periodic measurements at intervals to 
reflect the entire day. Analytical data of vapor concentration usually have an approx¬ 
imately lognormal distribution. Use of the geometric mean is satisfactory for a small 
number of samples (<30). The simplest record will show what percentage of the res¬ 
ults is below the accepted standard, with 95% usually deemed acceptable (see Chlorine, 
Section 16.2.1,2). It is also useful to record percentages above and below other levels 
(e.g., 0.3 or 0,5 and 2.0 or 3.0 times the standard) to discover any trends. The desir¬ 
able frequency of sampling depends on the level of contamination. If concentrations are 
0.1-0.5 times the standard, an interval of one or two months is acceptable. If concen¬ 
trations are 0.5-1.0 times the standard, measurements should be made every one or two 
weeks. 


16.2.6.2B. Personal Monitoring. While exposure to materials such as chlorine and 
caustic is “self-reminding” because of their rapid effects on the body, exposure to mer¬ 
cury is not [341. Effective personal monitoring therefore is essential. As with chlorine, 
monitoring a plant population for exposure to mercury can be more effective if the 
workers are divided into SEGs. Individuals from each group should be selected for mon¬ 
itoring. The goal should be 90% confidence of selecting at least one individual from the 
highest 10% in the exposure level in each group. This means monitoring all members of 
a small group or 36% from a group of 50 [35]. Sampling should cover all periods of the 
working day, with representative frequencies. The detectors require sampling pumps. 
These should be calibrated with a flowmeter before and after sampling. The sampling 
device, mounted vertically and face downward, can be worn on a shoulder, on a lapel, 
or elsewhere in the breathing zone. Sampling heads must be sealed until required. After 
opening the seal, the subject should turn on the pump and note the time. The reverse 
applies at the end of the sampling period. The frequency of measurement, again, depends 
on the results. 


16,2.6.3. Hygiene and Protective Equipment. When a good surveillance program is 
in place, good working practices and routine precautions against exposure to mercury 
should be sufficient. Ambient levels of mercury vapor should be quite low and in any 
event, closely monitored. Respiratory protection should be necessary only when workers 
engage in activities such as maintenance that requires opening cells or decomposers. 
Respirators are then called for, and their frequency and time in use should be recorded. 

Mercury can be absorbed on clothing and on the body. The best approach is to 
issue work clothing for use in the cell area and to provide changerooms between “clean” 
and “contaminated” areas. Workers should shower after each shift. The most secure 
arrangement is for work clothes to be laundered on site. Sometimes, outside services 
are used with special measures to segregate plant workers’ clothing. Workers should be 
aware of the possible accumulation of mercury on small personal items such as billfolds, 
combs, and watches. Long hair is likely to absorb more mercury. While not all sites 
enforce restrictions on hair length and facial hair, Heilala [34] points out that workers 
should be made aware of their own responsibility for good hygiene. 
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Food and smoking materials should be kept out of the cell area. Lunch facilities 
should be physically removed from the area, and workers should leave their work gloves 
behind and wash their hands before eating. Fingernails require special attention. 

The cell room and laboratory facilities should be inspected routinely for spills or 
accumulations of mercury metal. These should be picked up promptly and disposed of 
with the plant’s mercury waste or taken in secure containers to the mercury-recovery 
facility. 

Stricter environmental standards and improved protective measures have reduced 
the level of exposure of workers in the chlor-alkali industry. In the 1960s, the mean 
level of mercury in the urine of Swedish mercury-cell workers was 100-140 p.gL”^ 
and the peak level 300|xgL“^. In 1990, the mean value was 30(jigL~^ and the peak 
value 120 [36]. 


16,2,7, Asbestos 

Inhalation of asbestos fibers can lead to diseases such as lung cancer, asbestosis, and 
mesothelioma. The last-named is a cancer of the lung and bowels apparently caused only 
by asbestos [37]. Asbestosis is a fibrosis that attacks the lung after long or severe exposure. 
Since lung damage is the primary effect of exposure to asbestos, it is not surprising that 
the risk is greater for smokers. While “asbestos” is a generic term applying to a number 
of hydrated mineral silicates, more than 90% of that produced is chrysotile, or white 
asbestos. This is a magnesium silicate of the formula 3MgO-28102*1120. Chrysotile is 
preponderantly the type used in cell diaphragms. Blue asbestos, or crocidolite, seems 
the most dangerous. Its formula is Na 20 -Fe 203 - 3 Fe 0 ' 8 Si 02 , and it is not used in 
chlor-alkali diaphragms. 

The toxicity of asbestos is related to its physical state, not just to its chemical com¬ 
position. The size and shape of particles determine how far they penetrate the respiratory 
tract and whether they stay there. Diameters in the submicron range allow particles 
to enter the smallest branches of the respiratory system. The dimensions regarded as 
most dangerous are diameters between 0.0625 and 1.0 |xm and lengths in the vicinity of 
15 |xm [38]. Chrysotile has diameters of 0. l-3p.m and lengths of 0.1-60 [im, very much 
in the hazardous range. Romine [39] has reviewed the properties of these and other types 
of asbestos. He also discussed the history of the use of asbestos, the legislative status 
and enforced TLVs in various parts of the world, and the safety measures appropriate 
to chlor-alkali plants. He shows that the hazardous range of particle sizes depends on 
the specific disease under discussion. Mesothelioma, for example, is favored by smaller 
particle sizes. The worst particles are those less than 0.1 p.m in diameter with lengths 
down to 5 |xm. 

The Occupational Safety and Health Administration (OSHA) standard for exposure 
to asbestos defines a “fiber” as one at least 5 p.m long with a length/diameter ratio of 
at least 3.0. The TLV-TWA is 0.1 fibers/cc of air; the excursion limit for a 30-min 
sampling period is 1.0. The standard, published in 29 CFR 1910.1001 specifies sampling 
methods and frequencies as well as the analytical procedure (NIOSH Method 7400). 
Some countries allow higher concentrations of fiber. In Brazil, Canada, and Mexico, for 
example, the TLV is 2 fibers/ml. In the European Union, the TLV is 0.6 fibers/ml (0.25 
in Germany), with an action level of 0.2. 



1414 


CHAPTER 16 


All chlor-alkali producers should have a surveillance and monitoring program. 
Given the long latency period of asbestos-related diseases, employers should retain 
monitoring and medical records for longer than normal periods. The tabulation below 
shows the normal lag after the first exposure for death rates to become mathematically 
significant and the number of years required for death rates to reach their peaks. 


Disease 

Time to reach significant rate (yr) 

Time to reach peak rate (yr) 

Lung cancer 

10-14 

30-35 

Asbestosis 

15-20 

40-45 

Mesothelioma 

20 

45-1- 


There is regulatory pressure to continue to reduce the use of asbestos. The chlor- 
alkali industry has been exempted from outright prohibition in many countries. In others, 
the use of asbestos in diaphragm cells has been banned. One should expect that the 
pressure will increase to eliminate asbestos. Most of the diaphragm-cell plants in Europe 
will in fact soon have been retired or converted to membranes or synthetic, non-asbestos 
membranes [40]. 

Handling of dry asbestos is a chlorine producer’s most hazardous operation [41]. It 
begins when the material arrives at the plant, and everyone involved should wear proper 
respirators and protective clothing. Those who unload asbestos and move it to its storage 
spot should be very careful not to damage the bags. The storage area should be enclosed, 
with restricted access, and dedicated to asbestos. Some asbestos-handling areas are held 
at negative pressure. Cleanliness is essential. Any accumulation of asbestos should be 
removed immediately. This can be done by washing it into a collection system or by 
picking it up with a vacuum cleaner equipped with a high-efficiency filter. In the latter 
case, the filter and the bag containing the waste should be placed in a sealed, impervious 
container for disposal. Damaged bags should be enclosed in strong asbestos bags until 
taken to the depositing area for use. 

While the storage area is ideally away from normal traffic patterns, the route from 
the storage area to the depositing area should be simple, short, and unencumbered. The 
asbestos-handling system should be enclosed and vented to a vacuum system with a 
high-efficiency dust collector. Bags should be fully cut and emptied with a minimum of 
shaking. This should be done only in a vented system. Empty bags should be folded over 
the cut and placed in a closed container. When the full contents of a bag are not required, 
the partially empty bag is best left inside the enclosed area for use in a later batch. 

Diaphragm repair sometimes requires a worker to handle small quantities of dry 
asbestos. The technique of “doping” calls for addition of a slurry of asbestos to the anode 
compartment of a cell. Where there is substantial damage to a portion of the diaphragm, 
the flow rate will be high and the added asbestos will be attracted to the damaged area. 
Slurry preparation (addition of dry asbestos to brine, perhaps with the help of a wetting 
agent) should be in a ventilated hood to prevent exposure to the dry powder, and the 
slurry should be handled carefully in a covered vessel. 
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Asbestos removal for diaphragm replacement is usually by hydroblasting. The 
slurry thus formed can be collected in a sump. There is little hazard in the slurry-handling 
operation as long as the asbestos stays wet. Dewatering of the slurry by screening or 
filtering gives a compact mass of wet asbestos, which after collection in a bag or drum 
and proper sealing is ready for off-site disposal. It is best to collect the water and use 
it again in the blasting process. Any asbestos that flies from the containment area or 
collects on building or equipment surfaces should be collected while wet. 


16.2,8, Nitrogen Trichloride 

Section 9.1.11.2 gives a detailed discussion on nitrogen trichloride. The Cl [42] discusses 
the hazards of NCI 3 and the safe handling of chlorine that contains it. Table 16.3 lists some 
of its physical properties. The most striking properties are the large positive standard 
heat and free energy of formation. These account for the instability of the compound 
and its tendency to decompose spontaneously and energetically. Once decomposition 
begins, the exothermic heat of reaction causes it to propagate very rapidly and move on 
to detonation. 

NCI 3 is much less volatile than chlorine, and so it tends to accumulate in suction 
chiller bottoms (Section 9.1.6.4A) and in chlorine vaporizers (Section 9.1.8.7) or other 
vessels from which chlorine is withdrawn as vapor. One method for its removal as a waste 
from suction chillers has been the dilution of the bottoms with a chlorinated organic. The 
standard choice for this duty has been carbon tetrachloride. With the use of this solvent 
restricted under the Montreal protocol, other materials have been suggested as replace¬ 
ments. Chloroform is one possibility, but it is important to note that it (b.p. ~ 61°C) is 
more volatile than nitrogen trichloride. Section 17.4.2 outlines problems that can arise 
with replacement solvents. Section 9.1.11.2E discusses alternative processes for the safe 
destruction of NCI 3 . 


TABLE 16.3. Properties of Nitrogen Trichloride 


Property Value or description 


Physical appearance 
Odor 

Molecular weight 

Melting point 

Boiling point 

Density at 20° C 

Heat of formation (in CCI 4 ) 

Entropy of formation 

Free energy of formation (in CCI 4 ) 

Heat of vaporization 

Solubility 

Vapor pressure at 0°C 


Pale yellow oil 

Pungent (attacks eyes and throat) 

120.4 

-40°C 

71°C 

1 . 65 gmr' 

54.7kcalmol“’ 

45 e.u. (est.) 

72kcalmol“^ 

7.58 kcal mol~^ 

Soluble in chlorinated organics; 
practically insoluble in water 
SOmmHg 


Source: Argade et al. [43] 
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16. 2.9. Other Materials 

Many of the other materials used in a chlor-alkali plant present some kind of hazard. A 
brief discussion of some of these follows. Much more detail is available in the suppliers’ 
MSDS and other literature. 

Salt. As a major component of the human body, salt has no toxic properties to speak 
of. Since it is somewhat hygroscopic, dry salt can be an irritant to tissue, and spills 
of salt can create tripping hazards and lead to the corrosion of metallic equipment and 
structures. Therefore, salt should be confined when handled and removed when spilled. 

Sulfate Solubility Inhibitor. The major ingredient in the inhibitor described in 
Section 7.2.2.5B is a sulfonate produced from H 2 SO 4 . The product has a low pH (<2) 
and is corrosive to tissue. It should be handled in the same manner as sulfuric acid. It is 
highly viscous, and so it is difficult to remove it from the skin. 

Sodium Carbonate and Carbon Dioxide. Carbonates are possible sources of CO 2 (see 
below), and the alkali metal carbonates are hazardous in their own right. Soda ash is 
rated as a moderate health hazard. It is irritating to the eyes upon contact, and continuous 
contact can irritate the skin. When the dry material is handled, some dust becomes 
airborne, and its inhalation irritates the respiratory tract. Pneumatic transfer requires 
effective filtration of exhaust air. Manual handling requires good mechanical ventilation 
of the work area and the use of protective equipment to minimize contact. 

CO 2 is not highly toxic, but it is an asphyxiant. Because it is heavier than air, there is 
a danger of its accumulation at low points when it is accidentally released or deliberately 
generated and vented (Sections 7.2.2.5C, 7.5.6,1). 

Calcium Chloride. Calcium chloride is an irritant. Its hygroscopicity and the exothermic 
nature of water absorption aggravate the hazard of the solid form. The heat of solution 
of the anhydrous material given in the International Critical Tables is 162,2 cal g"^ 
and a particle in contact with the body can quickly become hot. The heat of solution of 
the dihydrate, even on a dry basis, is much lower (73.3 cal g“* hydrate, or 90.5 cal g“^ 
CaCh). The high heats of solution also suggest that CaCl 2 should not be dissolved in 
hot water. 

Because CaCl 2 has a low degree of oral toxicity, ingestion is not a serious plant 
hazard. Handling precautions are routine and should follow the supplier’s MSDS. Users 
should be aware that contact with calcium chloride can stiffen leather shoes and clothing, 
thereby destroying their protective properties. 

Barium Chemicals. The barium chemicals of interest here are classified as Category 1, 
acute hazards [44]. They can cause severe abdominal and muscular effects, includ¬ 
ing transient paralysis and fatal paralysis of the respiratory muscles. The TLV-TWA is 
0.5 mg m“^ as Ba. Both barium chloride and barium carbonate carry the following NFPA 
ratings: 


Health 2 

Fire 0 

Reactivity 0 
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They are characterized as hazardous wastes and are regulated substances. Their use 
in the brine process forms BaS 04 , This material forms because of its extremely low 
solubility, and process wastes may therefore contain less than the allowable level of 
soluble barium [44,45]. Disposal then becomes a matter of good practice and local 
regulation. 

Barium chemicals are ingestion and inhalation hazards. There is little danger of pen¬ 
etration of intact skin or of chronic effects from skin contact. It is necessary to maintain 
good hygiene, use respiratory protection, and follow good dust-control practices. 

Flocculating Agents, Flocculants are not generally highly hazardous, and the active 
agents of some types are used in certain consumer products. Handling should still include 
all precautions specified on the MSDS supplied by the manufacturer of each compound. 

Filter Aids, The types of filter aid described in Section 7.5.4.2 are rather innocuous 
materials. The principal hazard is inhalation of dust, and dust control is the most 
important protective measure. 

Ion-Exchange Resins, Ion-exchange resins are slightly toxic and present a slight fire 
hazard. The latter is mitigated by the normally high water content of the resins. They 
should not be exposed to strong oxidants or to temperatures above 220°C, where decom¬ 
position occurs. The normal maximum storage temperature of 50°C is specified to assure 
their activity, Resins are also irritating to the eyes. If spilled, they make a floor slippery 
and so become physical hazards. 

Reducing Agents, The sulfur-based reducing agents described in Section 7.5.9.3A are 
irritating to the eyes, skin, and mucous membranes. They also present a breathing hazard 
in the form of a mist or SO 2 vapor. TLVs for mists generally are about 5 mg m~^. The 
TLV-TWA for SO 2 in the air is 2 ppm, and the STEL is 5 ppm. Temperatures above 
ambient aggravate the problems, and all of these materials should be kept away from 
heat and contact with acids. 

Section 7.5.9.3A also discussed the process hazards of hydrogen peroxide in some 
detail. Its bodily effects result from its strong irritant properties, which can blister the 
skin and damage the eyes if it is not removed quickly. The vapor from decomposition, 
a mixture of oxygen and H 2 O 2 , is highly irritating to mucous membranes. The exo¬ 
thermic decomposition of hydrogen peroxide can create a thermal hazard when spilled 
on clothing. Clothing brought into contact with this material should be changed or washed 
with water. Ingestion of hydrogen peroxide is particularly dangerous. Catalase enzyme 
decomposes H 2 O 2 rapidly, and the high volume of vapor generated can distend organs 
and cause internal bleeding. 

Activated Carbon, The primary use of activated carbon is in the dechlorination of brine, 
but it also sometimes serves as a filter medium, most frequently in mercury-cell caustic 
service. In any case, consumption after the initial charge is small. 

Carbon is a fairly innocuous material. The small particle size (0.5-5 mm) can 
make it rather dusty. Therefore, handling should be confined, and operators should have 
respiratory protection when making transfers. 
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Some grades of activated carbon are impregnated with other materials to enhance 
their activities in certain processes. This treatment often makes the material more haz¬ 
ardous. Again, the user should consult the literature and the supplier’s MSDS for specific 
information. 

Membranes, Membranes are extremely stable chemically, as evidenced by their long 
service life in the hostile environment of a cell. However, the polymers can decompose 
thermally above 150®C, releasing HF, COF 2 , and organic fluorine compounds. They 
should be stored in a dry, clean place at cool to moderate temperatures. 

Contamination of smoking materials with membrane dust or scraps can result in 
decomposition and, when the byproducts are inhaled, lead to “fume fever” associated 
with the products of degradation of fluorinated polymers. 

Refrigerants, Fluorocarbon refrigerants are standard materials in chlor-alkali applica¬ 
tions. They are inert and not toxic. Principal hazards are the low temperatures encountered 
and the asphyxiating property of the gases. Those using other refrigerants (ammonia and 
hydrocarbons are examples) must provide for their particular hazards in design and 
operation. 

The major concern with fluorocarbon refrigerants is not personnel hazards but their 
ozone depletion potential. Many types that were popular in the past are now banned 
by the Montreal Protocol or successor agreements (Section 9.1.7.2B), Handling and 
disposal of refrigerants with the potential for depleting the stratospheric ozone layer 
require special care. 

Transformer Oils, Transformer oils are complex mixtures of hydrocarbons, and their 
decomposition can produce a wide variety of lower molecular weight compounds. The 
products of a decomposition induced by a fault in a transformer can give some clue as to 
the nature of the fault. Given the impossibility of an internal examination of an operating 
transformer system, this is valuable diagnostic information. 

The results of a fault depend on the distribution of energy and temperature in the 
neighborhood of the fault and on the time for which the oil is exposed to a thermal or 
electrical stress. Higher severities produce more hydrogen and more unsaturated gases. 
Lower energy faults produce smaller amounts of unsaturated compounds in general. 
Therefore, lower temperature decomposition produces primarily methane and hydrogen, 
with traces of ethane. Higher temperatures (>500^^0) give more hydrogen than methane, 
and ethylene begins to appear. Somewhere above 750°C, there will be more ethylene 
than ethane. High-intensity arcing gives rise to very high localized temperatures and 
to the formation of acetylene. The thermal decomposition of oil-immersed cellulosic 
insulation generates carbon oxides. These byproducts accumulate in the gas space above 
the oil and equilibrate with the liquid. The composition of gas found dissolved in the 
transformer oil or in the gas space above the oil will therefore provide some clue to the 
nature of the fault(s) in the transformer system. 

The concentrations of the various decomposition products in or above the oil depend 
on their rates of escape from the system as well as on their rates of formation. Ratios 
of concentrations therefore are more instructive than the absolute values themselves. 
The Institution of Electrical and Electronics Engineers (IEEE) Standard C57.104 [46] 
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describes the logic and presents flow charts used by different authors to arrive at a 
diagnosis from the analytical data. 

Lubricants. A plant may use many different lubricants in various applications. Each 
may have its own inherent hazards, as identified on the suppliers’ MSDS. There are 
also hazards related to the conditions under which they are used (temperature, mechan¬ 
ical stress, etc.). Chemical compatibility with the process is also a major consideration. 
While all lubricants may be chosen properly in this regard, there have been failures 
caused by improper substitutions. Substitutions of one lubricant for another should 
never be made without careful study, and there should be precautions against accidental 
substitutions. 


16.3. PROCESS HAZARDS 

We must consider process hazards as well as material hazards. Among these we have 
temperature (high or low), pressure, high voltage, exposed live electrical parts, and 
magnetic fields. The temperatures and pressures involved in chlor-alkali processing are 
not unusual, and standard precautions serve to control these hazards. Several points 
relating to inherent safety are still worth noting in this regard: 

1. The trend toward deeper liquefaction sometimes involves temperatures that are 
quite low and perhaps should be considered unusual. These call for proper care 
and insulation, along with more attention to confinement of the refrigerant when 
it warms. 

2. Higher pressures can increase the likelihood of a chlorine release. 

3. The low temperature of liquid chlorine is an important factor in the choice of 
materials of construction. 

4. The low temperature also requires design pressures well above normal operating 
levels in order to allow for warming. The high coefficient of expansion of liquid 
chlorine also requires special consideration. 

5. Buswork, while not insulated, is quite hot. Contract workers and other outsiders, 
especially, do not always recognize this fact. 

6 . In addition to high temperatures of process fluids and equipment, thermal hazards 
in the cell area may include prolonged exposure to high ambient temperatures. 

The electrical hazards of AC supply and distribution also are those faced in industry 
in general. We may consider the hazards from the primary supply through the area 
transformers as conventional. The DC side and the magnetic fields associated with 
high current are more characteristic of chlor-alkali production. These are discussed in 
Section 8.5.1. 

Many liquids are off-loaded into storage tanks by applying air pressure to a delivery 
vehicle. These may include caustic, sulfuric acid, hydrochloric acid, and certain auxiliary 
chemicals. The compressed air may be generated on the receiving site, or the delivery 
vehicle may be equipped with a compressor. A particular hazard of this type of operation 
is the surge of air that can occur when the last liquid has been removed from the vehicle. 
If the receiving vessel has a small vent nozzle and a low pressure rating, its design 
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can be very quickly exceeded. An Industry Warning published jointly by the EPA and 
OSHA [47] describes the failure of a HCl storage tank from this cause. The tank had 
a volume of about 22 m^, and it released about 18 m^ of 31% HCl. Modeling of the 
pressure in the tank showed that the design pressure was exceeded in less than a second 
after completion of liquid delivery. With a 50-mm vent line, dangerous pressures capable 
of bursting the tank would develop in 10-30 s. Use of a 100-mm vent would limit the 
pressure to about 10 kPa. The presence of a scrubber on the vent line imposes a pressure 
drop and aggravates the situation. 

EPA/OSHA recommendations included: 

1 . standard operating procedures 

2 . hazard analysis during design, before operation, and when making changes to 
equipment 

3. maintenance of environmental control systems to ensure reliability 

Design options to relieve the hazard include: 

1 . minimize air pressure used for transfer 

2 . size vent system for air surge 

3. restrict air flow by partially closing a valve in the transfer line as soon as the 
delivery vehicle is empty of liquid 

4. add pressure sensor to receiving tank and close inlet or open vent to atmosphere 
when pressure becomes too high 

5. avoid use of passive scrubber in which vent air enters a pool of liquid 

6 . use a tank designed to withstand pressure 

7. transfer by pump rather than by air pressure 

We include electricity among the process hazards. Many ordinary electrical design 
precautions do not apply inside cell installations. The entire line, for example, cannot 
be enclosed and isolated as are the transformers and rectifiers. This approach would 
trap gases and heat and make many necessary manual operations impossible. The tech¬ 
nique of isolation of a circuit from ground, while successful in common AC systems, is 
usually ineffective because leakage currents through pipes, metalwork, and conductive 
fluids are great enough to provide a ground. Similarly, automatic ground fault protection 
has a limited value. If set low enough to protect the body, it will not be able to handle 
leakage currents. 

The practices described in Chapter 8 are designed to overcome electrical hazards. 
Air being an excellent insulator, clearances between live equipment and potential grounds 
provide safety. 

Within the cell room, electrical components also present thermal hazards. 
Section 8.3.1.4A showed that busbars, for example, are designed to operate at temperat¬ 
ures up to 90'^C and higher. The ambient temperature can be quite high and is limited by 
the rate of ventilation. Good ventilation is an important part of building design. It also 
serves to remove any hydrogen that escapes from the cells or piping. 

Because of the unusual working demands in the cell area, it is not common practice 
to classify cell rooms electrically, but this should be a separate decision for each project. 
In particular, the design of light fittings and any other electrical apparatus near the 
roof should be reviewed. Air drives may be preferred to motors for mobile equipment, 
and isolating transformers should be present in both power and control circuits when 
electrical devices are chosen. 
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While much of the piping in cell rooms is nonmetallic, the fluids may be conductive 
and may still be at some voltage after leaving the cell line. The piping itself will provide 
insulation for personnel protection, but the use of metallic valve bodies and handles 
should be reviewed. 

In the long run, spills of process fluids are nearly inevitable. These create slip¬ 
ping hazards and can also short out insulation. Cell room housekeeping is therefore 
very important. Floor gratings, besides being nonconductive, should also have nonslip 
properties. FRP and timber have been widely used. The former is the material of choice 
in most modem cell rooms. 


16.4. PREVENTION AND MITIGATION 
16AA, Safety Equipment 

PPE is the gear worn or carried on a plant to protect workers and visitors from injury due 
to chemical or environmental exposure. It should not be considered the primary defense 
against plant hazards. Its purpose is to supplement other means (physical or admin¬ 
istrative) of hazard avoidance. There are both governmental regulations and industry 
standards that are useful in formulating a PPE program. In the United States, OSHA 
publishes regulations in 29 CFR 1910. Important subsections include: 


132 General Requirements 

133 Eye and Face Protection 

134 Respiratory Protection 

135 Head Protection 

136 Foot Protection 

137 Electrical Protective Devices 
195 Noise Exposure 


The Cl [48,49] and EC [50] also publish guidelines. The Cl suggests standard outfits 
for various tasks that can be divided into three categories each for chlorine and caustic. 
The equipment appropriate for each category is 


Chlorine exposure 

Category I 

No specialized PPE 

Category II 

Full-face air-purifying respirator 

Gloves for thermal protection (when handling liquid) 

Category III 

SCBA or air line respirator 

Gloves for thermal protection (when handling liquid) 

Caustic exposure 

Category I 

Face shield and chemical splash goggles 

Chemical protective gloves 

Category II 

Category I and chemical protection for the head and neck 

Category III 

Chemical protection for the head and neck 

Face shield and chemical splash goggles 

Chemical protective suit 

Chemical protective boots or overshoes 

Chemical protective gloves sealed at the sleeve 
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Typical activities for which these apply are: 


Chlorine 

1. Sampling —when demonstrated that vapor 
concentration remains within TLVs, Category I; 
when concentration may exceed a TLV but will 
remain within the capability of a respirator. 
Category II; otherwise. Category III 

2. Initial line break —when demonstrated that vapor 
concentration will remain within the capability of 
a respirator. Category II; otherwise. Category III 

3. Loading/unloading —given a system for purging, 
evacuation, and verification of the pipelines and 
hoses used for loading or unloading, together with 
sound operating and maintenance procedures and 
the use of well-trained employees, same as 
Sampling 

Caustic 

1. Sampling Category I 

2. Line break Category III 

3. Loading Remotely operated systems. Category II 
when in vicinity of connection point and no 
special PPE elsewhere; if not remotely operated. 
Category III 

4. Unloading Category III 


Emergency situations may require the use of more PPE. Most procedures should be 
predetermined and written. A foreseeable emergency is not the time for improvisation 
by untrained personnel. While the idea of added layers of protection may be appealing, 
they often add to operator discomfort and impede mobility. Their net effect can be 
negative. 

The EC guidelines describe the selection, use, and maintenance of breathing appar¬ 
atus in some detail. There is a shorter discussion of full protective clothing for use in 
chlorine atmospheres. 

Training in the proper use, maintenance, and decontamination is important with 
all forms of PPE. Specifics vary with the type of equipment, its manufacturer, and 
sometimes model numbers. The reader is referred to specific manufacturers’ literature 
on this subject. Portable safety equipment, along with emergency tools and maintenance 
supplies, should be available at all times in a vehicle that can approach any part of 
the plant. EC [51] publishes a detailed list of recommended items. 

16.4.2. Safety-Oriented Programs 

The programs described in this section cover the entire range of activities from prelim¬ 
inary design of a plant through its construction and operation to the safe delivery and use 
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of the products of the plant. Most of the programs are tools for continuous improvement. 
Documentation is therefore an important part of the process, and certain aspects are 
mandatory. Safety management documentation should be reviewed and revised at least 
every 5 years [52], with a yearly review to determine whether accumulated changes have 
affected the “safe operating envelope” of the plant. 


16.42. L Inherent Safety in Design. The pursuit of what appear to be improvements 
in process efficiency and productivity can lead to the choice of systems or operating 
conditions that add new hazards to a plant or increase the potential consequences of 
existing hazards. The design stage of a project offers an opportunity to remove or mitigate 
some of these hazards and to provide an inherently safer plant [53-55]. Some of the 
techniques used to do this, with examples cited throughout this text, are: 

1 . use less-hazardous material (lower concentration hydrogen peroxide) 

2 . reduce inventory (smaller chlorine storage facility) 

3. use less severe process conditions (low-intensity liquefaction, or elimination of 
liquefaction, when chlorine can be processed on site as the gas; limitation of 
cell-room voltage) 

4. use fail-safe redundant safeguards (independent switches or transmitters for 
alarms or shutdowns) 

5. use passive rather than active protection systems (emergency release of chlorine, 
when under pressure, to static tank of caustic) 

6 . use corrosion-proof materials to lessen accelerated corrosion by upsets or need 
for inspection (high-temperature alloys for possible touch points in chlorine 
compressors; alloys that exceed normal specifications in parts of brine system 
that may become acidic during excursions) 

7. minimize piping carrying high toxic hazardous materials outside area limits 

8 . review design and operation according to established schedule and before 
making modifications 

None of these measures necessarily removes a hazard. The intention is always to reduce 
the magnitude of a hazard and the consequences of an accident. The value of each 
technique depends on the other protective measures taken, and its application is a matter 
of judgment. 


16.4.2.2. Process Safety Management. Nearly all chlor-alkali manufacturers practice 
some kind of PSM program. In most locations, there are industry codes or governmental 
regulations to follow. Other chapters in this work describe various PSM procedures where 
appropriate. In order to bring the various aspects of PSM together in one place, we record 
here some of the generalizations that apply to all phases. We follow the explanatory 
material attached to the OSHA document. Compliance Guidelines and Recommenda¬ 
tions for Process Safety Management (29 CFR 1910.119, Appendix C). The main body 
of the same document contains the regulations that apply to each of the activities noted 
below. Some of the items treated here are covered in more detail in the subsections that 
follow. 
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PSM is the proactive identification, evaluation, and mitigation or prevention of 
chemical releases that could occur as a result of failures in processes, procedures, or 
equipment. Appendix C referred to above covers 14 topics: 

1. Introduction to Process Safety Management 

2. Employee Involvement in Process Safety Management 

3. Process Safety Information 

4. Process Hazard Analysis 

5. Operating Procedures and Practices 

6 . Employee Training 

7. Contractors 

8 . Pre-Startup Safety 

9. Mechanical Integrity 

10. Nonroutine Work Authorizations 

11. Management of Change 

12. Investigation of Incidents 

13. Emergency Preparedness 

14. Compliance Audits. 

Taking these in turn: 

1. The regulation defines the major objective of PSM of highly hazardous chemic¬ 
als as the prevention of unwanted releases, especially into locations where people would 
be exposed to serious hazards. There is a need for a systematic approach to evaluating 
the whole process. The introduction specifically mentions reduced inventories as one 
approach to control. 

2. Employees must be consulted in the development and implementation of the 
PSM program. The relevant sections of the underlying legislation also require training 
employees with respect to processes, procedures, and equipment. They must be kept 
current and specifically informed of the results of incident investigations (#12). 

3. Safety information should cover materials, equipment, and technology. Safety 
data on raw materials, process intermediates, and final products should cover fire and 
explosion hazards, reactivity hazards, safety and health hazards to workers, and corro¬ 
sion and erosion effects on process and auxiliary equipment. MSDS should form part 
of the background for this information. Technology information, with the aid of design 
drawings, block diagrams, and sketches, should establish the basis for design (e.g., by 
reference to the various codes and standards used in design) and set limits on operating 
conditions. This information becomes a resource for contractors, emergency planners, 
insurers, enforcement officials, and those performing hazard analyses (#4) or preparing 
operating procedures (#5) and training programs (#6). 

4. Part 1910.119 presents the objectives of hazard analysis and some of the con¬ 
siderations that determine the choice of techniques. The material presented below in 
Section 16.4.2.4 is consistent with this discussion. The type of hazard analysis chosen 
should be appropriate to the complexity of the process studies, and there should be a 
system to ensure prompt action on the findings of the study. 

5. Written operating procedures must be specific and detailed. They must include 
applicable information on safety and be understandable, accurate, and current. The last 
requirement forces their inclusion in the management of change (#11). They are also 
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an important part of employee training (#6). They should cover startup, shutdown, and 
emergencies as well as times of normal operation. Subject matter should include the tasks 
to be done by various operators, the operating conditions to be maintained, the methods 
and frequencies of taking samples, the safety and health precautions to be observed, and 
the responsibilities of supervision. Laboratory procedures and safety information should 
be documented in a similar fashion in the appropriate detail. 

6 , All employees, including maintenance and contract workers, must adequately 
understand the hazards of the chemicals and processes with which they work. Other 
subsections of Part 1910 cover training requirements (e.g., Hazcom regulations, 
Part 1910.1200). The employer has the responsibility of identifying those who require 
training and determining what subjects need to be covered in that training. A good 
training program will have quantitative goals and provisions for periodic evaluation and 
reassessment. Appendix C of the Guidelines gives examples of some of the techniques 
that might be used. 

7. Employers who use contract employees in and around hazardous processes have 
the responsibility of choosing contractors with the proper skills and monitoring their per¬ 
formance. Contractors should be screened for safety performance in other work, skill 
in the required tasks, and knowledge of the process or types of systems on which they 
will work. It is sometimes useful for an employer to include contract employees in exist¬ 
ing training programs. Contractor employees often perform specialized and hazardous 
tasks. Examples are nonroutine repairs and entry into confined spaces. It is therefore 
important to control their activities. A permit or work authorization system is a useful 
vehicle toward this end. 

8 . A process hazard analysis (#4) is a useful part of preparation for startup. 
Chapter 13 discusses some of the precommissioning activities appropriate to a new 
chlor-alkali plant. For restart of an existing plant, requirements vary with the extent of 
the changes that might have occurred during the shutdown. Except for changes in kind, 
management of change (#11) procedures apply. When there have been changes, the 
employer must see to the revision of all applicable documents. Depending on the nature 
and magnitude of the change, retraining may also be appropriate. 

9. Section 16.4.2.3 discusses mechanical integrity in more detail. A necessary part 
of PSM is the review of existing maintenance programs. These should be parts of an 
ongoing mechanical integrity program rather than “breakdown” maintenance activities 
that are entirely reactive. 

10. Work outside the normal routine needs special management control. This 
requires formal procedures, carefully followed, for such things as confined space 
entry, hot work, and line breaking and equipment opening. The procedures should 
cover the activities of operators, plant maintenance workers, contractors, and any 
others who may become involved. Written documents should spell out responsibilit¬ 
ies, approval mechanisms, tagout procedures, and methods for verification of proper 
completion. 

11. The standard defines the types of “change” that require management. Basically, 
it refers to changes in technology, equipment, and instrumentation. Any modification 
other than a replacement in kind comes under this regulation, which requires identi¬ 
fication and review before implementation of the change. The change, its impact on 
operation, and all review procedures must be documented and become part of the per¬ 
manent record. The standard specifically covers temporary changes, which have been 
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responsible for a number of catastrophic incidents, and requires time limits to be placed 
on their existence. Removal of a temporary facility also requires review of the new final 
configuration or assurance that the system has been returned to its original state. Again, 
some changes will require retraining of certain personnel. 

12. Employers should have trained inhouse teams for investigation of unusual 
incidents. These include accidents and “near misses” that could have had harmful con¬ 
sequences. The objective of an incident investigation is to learn from experience, and 
this requires publication and dissemination of a clear report of the findings. Multidiscip¬ 
linary teams are better able to gather and analyze the facts of an event. The knowledge of 
employees who work in the area where an incident occurred is a substantial asset. They 
should be consulted, interviewed, or made part of the investigating team. 

13. Emergencies arise when primary and secondary lines of defense fail to contain 
a hazard. The most likely or most hazardous incidents are identifiable for each type 
of plant. This allows effective preplanning for many identifiable incidents. A chlorine 
handler, for example, must consider what actions to take if chlorine gas is released. Some 
of the requirements for in-plant response are included in Part 1910.120, and the Hazcom 
regulations (#6) also apply. Under this heading, an employer must establish specific 
programs, identify and train responders, and make all proper arrangements for outside 
help. Employers also need to decide on the number and nature of lines of defense to 
provide. A minimum requirement is the publishing and dissemination of an emergency 
action plan for the entire facility in question. It should provide for a warning system, 
an evacuation plan that may include alternatives that depend on circumstances (e.g., 
location of a release, direction of wind), and the establishment of safe havens. OSHA 
discourages the use of control centers as safe havens. 

14. Compliance audits are necessary after establishing and documenting a PSM 
program. They are best performed by knowledgeable, trained individuals or teams. The 
auditors should verify the implementation of the PSM plan and evaluate its effectiveness. 
Key elements in a successful auditing program are planning, staffing, conducting the 
audit, evaluation, preparation of an action plan, follow-up, and documentation. 


16.42.3, Mechanical Integrity. The concept of mechanical integrity refers to the ability 
of an item or a system to contain hazardous materials safely. Establishing mechanical 
integrity requires: 

1 . proper design, in order for the system to be able to withstand all likely service 
conditions 

2 . installation and construction in accordance with design and all relevant codes 
and good practices 

3. correct maintenance, to prevent overly rapid deterioration 

4. safe operating practices, to avoid errors that can overcome the safeguards 
designed into the system 

The elements of a preventive program should include these actions: 

1 . identification of equipment and instrumentation: categorization and listing of 
items needing special or heightened attention 

2 . testing and inspection: documentation, acceptance criteria, frequency of testing, 
adherence to codes and standards (American Society for Testing and Materials 
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[ASTM], American Petroleum Institute [API], NFPA, Factory Mutual [FM], 
American Society of Mechanical Engineers [ASME], American National 
Standards Institute [ANSI], Cl, EC), including non-equipment items such as 
criteria for inspection of foundations and supports, anchor bolts, pipe hangers, 
guy wires, grounding connections, nozzles and sprinklers, insulation, protective 
coatings, external surfaces of vessels, insulation, etc. 

3. developing maintenance standards: procedures, training, establishing mean time 
to failure for instruments and equipment parts 

4. compiling and using manufacturers’ information: maintenance, rates and 
consequences of failures 

Mechanical integrity becomes an especially important consideration in a chlor-alkali 
plant, where the products are not only dangerous but also present a variety of hazards. 
Most producers now have some form of mechanical integrity program as part of their 
PSM initiative. Such initiatives are frequently government-mandated and may cover the 
following. 

1 . mechanical systems: 

(a) pressure vessels and storage tanks 

(b) piping systems 

(c) relief and vent systems 

(d) emergency shutdown systems 

(e) controls 

(f) pumps (and by extension, compressors); 

2 . written procedures 

3. maintenance training 

4. inspection and testing 

5. equipment deficiencies 

6 . quality assurance 

Equipment deficiencies that are outside acceptable limits are to be corrected before the 
equipment is used or in a safe and timely manner when necessary steps are taken to 
assure safe operation until repairs can be made. 

Quality assurance, it will be seen, is critical to establishing mechanical integrity. 
The OSHA rule covering PSM states that “the quality assurance program is an essential 
part of the mechanical integrity program and will help to maintain the primary and 
secondary lines of defense...” These “lines of defense” are the protective systems and 
procedures that one adopts to prevent hazardous releases. They might include: 

1. Primary measures: 

(a) operate process as designed in order to keep hazards confined 

(b) maintain all systems in good repair 

(c) control all releases by using scrubbers, flares, and surge systems; 

2. Secondary measures: 

(a) fire protection systems (sprinkler, spray/deluge, monitor gun) 

(b) dikes 

(c) drainage/diversion systems 

(d) other systems. 
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The last category extends the definition of the “system” to auxiliaries and those fea¬ 
tures of design that help to mitigate the effects of a release rather than contain the 
material in question. The work by Harris [56] on chlorine storage systems is an 
example. 

The quality assurance program should verify that proper materials of construction 
are used throughout. It can involve field inspection, examination of mill or supervisory 
board certificates, and, especially in the case of equipment handling liquid chlorine, 
review of impact test results. The program should extend to verifying that fabrication 
and inspection techniques were proper. 

Other matter for the mechanical integrity program includes: 

1 . documentation: 

(a) as-built drawings 

(b) equipment design drawings, calculations, certificates 

2 . installation of equipment: 

(a) quality of materials, including gaskets, packing, bolts, valves, lubricants, 
welding materials, etc. 

(b) quality of craftsmen 

(c) welding procedures and certification of welders 

3. installation of safety devices: 

(a) procedures (e.g., measuring torque on rupture disc bolts; applying uniform 
torque to flange bolts) 

(b) inspection 

4. design and installation of rotating equipment seals 

One aid to a mechanical integrity program can be positive materials identification 
(PMI) of critical components. This is a process of verification that materials of construc¬ 
tion of an object are in fact what were called for in design or specification, A recent 
investigation by the Chemical Safety and Hazard Investigation Board in the United 
States [57] shows the value of PMI. The Board found that the failure of a transfer hose 
that led to the release of 22 tons of chlorine was due to the use of Type 316L stainless 
steel for the structural braid, rather than the Hastelloy C-276 that had been specified. 
A PMI program somewhere in the chain of supply might have prevented this incident, 

16.4.2.4, Hazard Analysis. Recognizing that no plant can be perfectly safe, modem 
safety engineering has turned to techniques for the formal or quantitative assessment of 
risk [58]. Many techniques for formal analysis now exist [59,60]. They differ widely in 
scope and intention, and the Center for Chemical Process Safety [59] tabulates for each 
of them: 

1 . the purpose of the method 

2 . when to use it 

3. the type of results to expect 

4. the nature of the results, and whether they are qualitative or quantitative 

5. the data required for a successful analysis 

6 . staffing requirements 

7. the time required for a study 

8 . an estimate of the total cost 
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API Recommended Practice 750 also treats the subject of hazard control and 
management. Harris [61] considers the general topic of hazard assessment in the 
chlor-alkali industry. 

Many governments and other regulatory bodies now require some form of hazard 
analysis either before a new plant is built or as part of the ongoing requirements for 
operating permits. The system used in the United States is typical and has been adopted 
in other areas. This is OSHA’s PSM rule, which formed the basis for Section 16.4.2.2. At 
the time of design, engineers would do well to adopt some of these methods as well as to 
be alert for opportunities to improve the inherent safety of the plant (Section 16.4.2.1). 

Table 16.4 lists some of the more popular analytical methods and summarizes their 
characteristics. “What-If” analysis, sometimes aided by a checklist, and Hazop analysis 
are widely used in design and operation. Sellers [62] points out the value of the checklists 
provided in the Cl pamphlets in this regard. 

Failure Modes and Effects Analysis and Fault Tree Analysis (FTA) are used less 
widely than Hazop but sometimes allow more comprehensive and quantitative analysis 
of certain situations. Table 16.4 lists these techniques and their applications at different 
stages in the hazard evaluation process. No one technique is efficient or even useful at 


TABLE 16.4. Hazard Evaluation Procedures 


Category 

Methods 

Applications 

Preliminary 

Checklists 

Identify hazards 


Safety review 

Identify deviations from 


Preliminary 
hazard analysis 

good practice^ 

Detailed 

“What-If^ 

Identify hazards 


Hazop 

Identify accident-initiating 


FMECA 

events 

Estimate “worst-case” 
consequences^ 

Specialized or 

FTA 

Estimate probabilities of 

quantitative 

ETA 

initiating events^ 


Cau se/consequence 

Identify opportunities to 


analysis 

reduce probabilities^ 
Identify sequences of events 
Estimate probabilities and 
consequences 

Identify opportunities to 
reduce probabilities and 
consequences 

Quantitative hazard 
evaluation 


Notes'. 

« Except PrHA. 

^Indirect with Hazop. 

^Except ETA 

Hazop = Hazard and Operability Study; FMECA = Failure Modes, 
Effects, and Criticality Analysis; FTA = Fault Tree Analysis; 

ETA = Event Tree Analysis; PrHA = Preliminary Hazard Analysis. 
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every stage, and the analyst must first define the purpose of an exercise before committing 
substantial resources. 

Most plants now favor software-based safety systems over the older hardware- 
dominated approach. These systems were adopted piecemeal, with the result that 
practices vary widely between companies and even between plants within a company. 
Now, the International Electrotechnical Commission (lEC) has adopted and published 
a generic standard, lEC 61508, that brings together much of the published material and 
provides a framework for its coordination [63]. 

Much of the process industry already follows the standard IS A-S 84.01. This con¬ 
forms to lEC 61508 but does not cover the early activities that precede the formal 
risk analysis. In this sense, lEC 61508 is more comprehensive. A common standard 
in Europe has been DIN 19250. This is an application-independent standard that cov¬ 
ers identification and classification of risks. System design then requires the use of 
other DIN standards. Again, lEC 61508 combines the relevant parts of the various 
standards. 

It must be emphasized that with the advent of quantitative hazard analysis, most 
designers are seeking very low probabilities of failure. Mean intervals of 10,000 years 
between failures of a system are quite common goals. Intuitive judgment and the wisdom 
gained through experience begin to fail against such criteria. 

In quantitative analysis, one way to reduce the residual risk in a system is to increase 
the frequency of proof testing. This reduces the probability of random failure by detect¬ 
ing flaws that have already developed and by reducing the probability of development 
of a new flaw in the interval between the proof test and a possible real event. Requir¬ 
ing more testing is an imposition on a plant operating crew that may appear senseless 
when many tests have been made on a system that “never” fails in practice. Training 
and educational programs should make the reasons for added safety devices and more 
frequent proof testing clear. There are systems that have always appeared safe that have 
had redundant elements added. Because there have been no problems in these systems, 
there is a temptation not to give high priority to maintaining reliable operation of all its 
elements. 


16.4.2.4A. Hazard and Operability Study (Hazop). Here we discuss only Hazop and 
FTA in any detail. The first of these has become a standard tool in the industry. In fact, 
“Hazop” has nearly degenerated into a generic term and is often applied incorrectly to 
other types of analysis, Johnson and Leverenz [64] define it as follows: “A hazard and 
operability study is a hazard analysis method in which a review team systematically 
identifies deviations in one part of an operation at a time, then examines each deviation’s 
possible causes and consequences to identify previously unrecognized hazards and to 
develop action items where risk reduction is warranted.” Designers may apply some 
form of Hazop several times during a project. It is an integral part of periodic reviews. 
Its purpose, as defined above and set out in Table 16.4, is the identification of hazards 
in order to take measures to mitigate them. It is a detailed and a relatively expensive 
process. A team of technical and operating people with a good knowledge of the process 
is required. Part of the strength of Hazop is in the variety of viewpoints brought to bear 
and the brainstorming atmosphere. 
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TABLE 16.5. Hazop Guide Words and Meanings 


Guide word 

Meaning 

No 

Negation of design intent 

Less 

Quantitative decrease 

More 

Quantitative increase 

Part Of 

Qualitative decrease 

As Well As 

Qualitative increase 

Reverse 

Logical opposite of intent 

Other Than 

Complete substitution 

Substitutions 

For When Concerning 

Sooner, Later 

Other Than Time 

Where Else 

Other Than Position; Source; Destination 

Higher, Lower 

More, Less Process variable; Elevation 


Hazop is a formalized technique. The team considers selected study points, or 
nodes, one by one and applies a series of key words to uncover hazards. Table 16.5 lists 
the standard key words. When considering the flow of a material, for example, this list 
requires the analysts to consider the possibility and effects of loss of flow, insufficient 
flow, excessive flow, the wrong composition or wrong material, etc. 

There has been a rapid increase in the number of hazard analyses performed in 
the industry. This is due to the general recognition of their value, industry initiatives 
such as Responsible Care® (Section 16.4.2.6), and governmental regulation. The use 
of Hazop has grown more than most other methods because of (1) the power of team 
review, (2) the suitability of the method to the analysis of process systems, and (3) the 
natural development of accident scenarios from Hazop study results. 

As an example of the product of a Hazop study, we consider the production of 
sodium hypochlorite by continuously reacting chlorine with a solution of caustic soda. 
The node chosen for study is the point at which the caustic solution enters the process. 
The variable being studied is flow. Table 16.6 shows the results. This is adapted from the 
example on Chapter 4, page 45 of Ref. [59]. The first key word applied is “No.” If no 
caustic enters the reactor, there will be an excess of chlorine, and the hazard produced 
will be the release of chlorine from the system into the atmosphere. The table identifies 
possible causes and suggests remedial action. Some of the other key words are then 
considered in sequence, with similar entries. Note that some key words (in this case 
“More”) will not identify another hazard but may suggest operability problems that also 
require action. Other situations may require further study. These are noted for action and 
assigned to some member(s) of the team. While all items in Table 16.6 have suggested 
actions listed, this is not essential. The purpose of the Hazop study by the full team 
is to identify hazards but not necessarily to provide solutions. Time is better spent on 
completing the assigned task than on engineering solutions to a few of the problems 
raised. 


16.4.2.4B. Fault Tree Analysis. FTA complements Hazop. It does not identify hazards; 
rather it identifies and analyzes the causes of a known hazard. Designers may use FTA 
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TABLE 16.6. Example of Hazop Output—^Hypochlorite Production 


Node: Caustic feed point 

Parameter: Flow 

Guide 

word Deviation 

Consequences 

Causes 

Suggested action 

No No flow 

Excess chlorine in 

(1) Caustic valve fails 

Automatic closure of 


reactor 

closed 

chlorine feed valve 


Release of gas to 

(2) Caustic supply 

upon loss of caustic 


atmosphere 

exhausted 

flow 



(3) Pipe ruptured or 




plugged 


Less Less flow 

Excess chlorine in 

(1) Caustic valve 

Automatic closure of 


reactor 

partly closed 

chlorine feed valve 


Release of gas to 

(2) Partial plug, or 

upon reduced flow 


atmosphere, with 

leak from pipe 

from caustic 


amount released 


supply; set point 


related to 


determined by 


quantitative 
reduction in 
supply" 


calculation" 

More More flow 

Excess NaOH in 

— 

Operability issue to be 


reactor 


addressed 


Off-specification 


separately 


operation but not a 
hazard 



Part of Normal flow rate, 

Excess chlorine in 

(1) Delivery of wrong 

Check batch of caustic 

but at low 

reactor. Release of 

grade 

after preparation. 

concentration 

gas to atmosphere, 

(2) Error in dilution 

Monitor strength of 

ofNaOH 

with amount 


continuously 


released related to 
quantitative 
reduction in 
supply" 


blended caustic 

Note: 


Member(s) of team assigned to calculate toxic hazard vs reduction in rate of flow or concentration of solution. 


for a thorough analysis of a recognized serious hazard. The technique is probably used 
more frequently to study existing or generic systems. 

Starting from the event chosen for study, the analysts define those events that are 
possibly immediate causes. Listing these events forms the beginning of the fault tree 
diagram, which shows the causes linked to the event under study. Figure 16.1 shows 
part of a fault tree for the escape of chlorine from an emergency vent scrubber [65]. 
The model is the type of system described by Patel and Scarfe [66]. Contributing events 
are easily identified as too high a flow of chlorine and an inadequate supply of caustic. 
Equally important in the analysis is the relationship between the contributing events. 
The hazardous event may require both contributing events to occur simultaneously, or it 
may follow on from either one individually. Our specific case is an example of the latter. 
We return to this aspect below. 
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Next, the analysts consider each of the contributing events in turn and identify the 
sub-events that lead to them. Regarding an inadequate flow of caustic, we see that it can 
result from a solution flow rate less than that specified or from too low a concentration 
of reactant. This process of analysis continues to lower and lower levels until all the base 
causes are identified. Figure 16.1 is a simplified version of the result. The appearance of 
the diagram shows why we speak of a fault “tree.” Note that only one side of the tree is 
shown. In practice, the other side would also require development. 

The symbols in the lines connecting the various events define the type of relationship 
between the sub-events. At each step of the tree, either one of the two causes is sufficient 
for us to move up to the next level of the tree. The “gate” through which we pass therefore 
is the OR gate. The symbol that appears in Fig. 16.1 is that used in logic diagrams to 
show an OR gate. 

One of the advantages of the fault tree method is its adaptability to mathematical 
analysis. The probabilities of the basic events at the bottom of the tree must be known 
or estimated. Analysis then moves up the tree with the aid of Boolean algebra. We are 
interested in two possible relationships between events leading to a step up the tree. First, 
either of the two events may suffice. Chlorine escapes when its rate of flow is too high 
OR the rate of supply of NaOH is too low. Either failure causes a gas release even if the 



FIGURE 16.1, Partial fault tree for vent scrubber. 
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Other does not occur. On the diagram, therefore, the two sub-events are joined through 
an OR gate. In other situations, when two or more events must occur simultaneously 
or sequentially, AND gates appear. A very common example is a system with a spare 
pump that should start automatically when the first pump fails to deliver sufficient flow. 
Mathematically, the difference between the two types of gate is the addition (OR) or 
multiplication (AND) of probabilities. The probability of two events A and B occurring 
together is the probability of one event multiplied by the conditional probability of the 
second. Thus: 


P2 = Pa^ Pba = X Pab (1) 

When two events are independent, conditional probabilities are equal to the probabilities 
of the relevant events, and 


P2 = Pa^Pb ( 2 ) 

The probability of either event occurring, when the two are independent, is 

Pi^Pa + Pb-PaPb (3) 

The logical operators AND and OR reproduce these results. Table 16.7 is a truth table 
for both relationships. Each row represents some combination of the two events. The 
AND column mimics Eq. (2) and the OR column follows Eq. (3). The advantage of the 
AND relationship, which eliminates two of the three hazardous OR combinations, is 
obvious. 

The probability calculations recognize differences between active and passive sys¬ 
tems. An “active” system is one whose failure generates a demand on the protective 
system. Most continuously operating equipment is in this category, and failure normally 
becomes obvious very quickly. The failure of a “passive” system, on the other hand, is 
not obvious until a demand (incident or proof test) is placed on it. Some components 
have both active and passive character. Many instruments are good examples. Trans¬ 
mitters generally provide continuous or frequent output and might be considered active. 
Gradual deterioration in the performance of measuring elements may not be obvious, 
and these might be considered passive. Another variation that requires special treatment 
is the sequential AND gate. Here, one system must already have failed before the failure 
of a second produces a hazardous event (e.g., failure of the mechanism of a relief valve 
followed by excessive pressure on the protected system). These differences in treatment 


TABLE 16.7. Boolean Truth Table 


A 

B 

AND 

OR 

1 

1 

1 

1 

1 

0 

0 

1 

0 

1 

0 

1 

0 

0 

0 

0 
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and method of calculation for various types of gate do not affect the basic logic presented 
above. 

One of the deficiencies in the FTA in our example is that the logic of the method as 
presented assumes that variables are discrete. Flows are either adequate or inadequate. 
Concentrations are either high enough or too low. In fact, flow and concentration are 
continuous variables. It is possible for both quantities to drop off, producing a hazard 
when neither one is low enough to cause a problem on its own. This makes the example 
used here less than ideal for the FTA. Realistic calculation of probabilities, for instance, 
is not feasible. The approach, however, has been useful in real cases in a more qualitative 
way. Construction of fault trees for similar systems revealed a number of initiating events 
that were able to move up the tree through nothing but OR gates. 

The example used above is not typical of the applications of the FTA, Complex and 
interrelated systems, such as intricate safety systems that involve redundancy, elaborate 
logic, and multiple layers of safety are more typical, but it would be unwieldy to try to 
describe such a system here. The FTA is often misapplied, and Minton and Johnson [67] 
have summarized the most frequent errors. 


16,4.2,5, Toxic Gas Release Modeling. A form of consequence analysis performed by 
a growing number of operations is the study of the dispersion of released gases into 
the atmosphere. This is most often used to determine the possible effects of a hypothetical 
accident. One can calculate a concentration profile at any time, or the concentration at 
any distance from the source as a function of time, if given the following information: 

1. the amount of material released, instantaneously or over a period of time at a 
given rate 

2. the location (especially the height) of the release 

3. the direction and speed of the wind 

4. the state of the atmosphere 

The last item reveals where and for how long concentrations that are deemed hazardous 
can prevail. To characterize the state of the atmosphere, environmental personnel most 
often use a series of defined stability classes. The definitions go back to the work of 
Pasquill [68] and Gifford [69] in 1961. Their “F stability” is a stable atmospheric con- 
dition in which vertical turbulent mixing is suppressed by a sub-adiabatic temperature 
profile; in other words, an inversion. The “adiabatic lapse rate,” the limiting condition for 
spontaneous vertical mixing, is about — 10°C km“ ^. If the negative temperature gradient 
with altitude is smaller in magnitude, the atmosphere fails to “turn over,” This minim¬ 
izes the turbulent dispersion and allows a plume of released gas to cohere and to move 
downwind with a minimum of dilution. 

Some dispersion studies are responses to regulations. It is becoming more common 
to require inclusion of a “worst-case” scenario for toxic releases in licensing applications 
and other plant reports. One definition of “worst case” is the release of the largest 
inventory of toxic material over a 10-min period with a 1.5 m s~^ wind and stability F. 
The use of F stability is the most conservative assumption. Some regulations allow 
the use of a more unstable Pasquill class when F stability is a very rare phenomenon. 
Each class has built into the dispersion model a set of values for horizontal and vertical 
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Standard deviations that fix the calculated spread of the Gaussian plume. The more 
unstable models predict more rapid dispersion. While they may not be suitable for worst- 
case scenarios, these models are important in real-time modeling. They provide less 
drastic but more realistic projections. A moderately unstable atmosphere (“D stability”) is 
assigned a horizontal dispersion coefficient twice as great as a stable atmosphere. Greater 
instability, or “A stability,” increases the horizontal dispersion coefficient by another 
factor of 3. The vertical dispersion coefficients increase even more as the atmosphere 
becomes less stable. The applied factors are not constant but vary with conditions. The 
end result is that downwind centerline concentrations may be reduced by factors greater 
than 100 in progressing from F to A stability. 

Choice of the stability class allows relatively easy manual calculation, and many of 
the results are available in the form of standard charts [70], This is a simplified approach 
to a complex phenomenon, and modem computing power makes it possible to take into 
account variations in wind velocity, terrain, and gas density. Many specialized models 
and commercial systems are now available [71], and some are used in plants for real-time 
modeling. Near-field variability remains a difficult problem, and inclusion of features of 
the terrain and the presence of obstacles such as buildings can have a major influence on 
the calculated spread of a plume and on the predicted consequences of a release [72]. 

The ability to model the spread of gases considerably denser than air is particularly 
interesting to chlorine processors. Relative degrees of atmospheric stability have less 
effect on the dispersion of heavy gases. Some of the specific characteristics of chlorine 
also modify the phenomenon of dispersion [73], Ice tends to form near the release 
point, for example. There is also the possibility of entrainment of liquid chlorine by 
the formation of mist or by a choking flow that produces a two-phase mixture. The latter 
leads to rainout and revaporization of liquid at some distance from the source. 


16.4.2.6. Responsible Care®. The typical producer or large consumer of chlorine has a 
good knowledge of the hazards involved in its handling and provides the proper equip¬ 
ment and training to ensure a good safety record. Some customers and intermediaries are 
less well informed and equipped. These groups can benefit from more active involvement 
of those in the chlorine business. This involvement is one of the objectives and oblig¬ 
ations of Responsible Care®. Responsible Care is a program whose aim is to promote 
safety throughout the life cycle of a chemical. It considers development, production, dis¬ 
tribution, use, final consumption, and disposal [74]. Signatories to the program commit 
themselves to communication and cooperation among raw material suppliers, produ¬ 
cers, shippers, packagers, users, regulators, and the public. The Canadian Chemical 
Producers Association established the first program in 1984, and the movement now 
covers more than 40 countries. It is essentially a voluntary program, but many agen¬ 
cies and associations now encourage or require their members to have Responsible Care 
programs in place. These include the Japan Soda Industry Association (JSIA), the Cl, 
and EC. 

The guiding principles of Responsible Care [75] require subscribers to: 

1. seek and incorporate community input regarding products and operations 

2. provide chemicals that can be manufactured, transported, used, and disposed 
of safely 



ENVIRONMENTAL SAFETY AND INDUSTRIAL HYGIENE 


1437 


3. make health, safety, the environment, and resource conservation critical 
considerations for all new and existing products and processes 

4. provide information on health or environmental risks and pursue protective 
measures for employees, the public, and other key stakeholders 

5. work with customers, carriers, suppliers, and distributors to foster the safe use, 
transportation, and disposal of chemicals 

6. operate facilities in a manner that protects the environment and the health and 
safety of employees and the public 

7. support education and research on the health, safety, and environmental effects 
of products and processes 

8. work with others to resolve problems associated with past handling and disposal 
practices 

9. lead in the development of responsible laws, regulations, and standards to 
safeguard the community, workplace, and environment 

10. practice Responsible Care by encouraging and assisting others to do the same 

The specific requirements were originally gathered into a series of Codes of Management 
Practice. A Code dealing with security has since been added. This has attracted great 
attention and accounted for a major part of the recent effort put into this program. It is an 
active subject in industry conferences [76], and a growing list of publications is available 
for guidance [77]. 

Responsible Care has been basically a voluntary program, with members setting 
their own goals and responsible for their own evaluations. One result was great variability 
in programs, in public involvement, and in the self-assessed measurement of success. 
At this writing, the fundamental approach to Responsible Care is being modified. The 
changes are in the direction of requiring more uniformity in the programs adopted by 
subscribers and providing new metrics to evaluate the success of the program. Monitoring 
will be by third parties. 


16,4. 2.7. Training. Good training programs are essential to safe operation of production 
facilities, and many regulatory bodies publish minimum requirements [78]. The content 
of a training program should take into account the needs of different audiences, and 
testing for comprehension should be an important part. Audiences may include: 

1. managers and supervisors 

2. plant operators 

3. maintenance personnel 

4. service personnel 

5. technical personnel 

6. outside contractors 

7. emergency response personnel 

8. participants in PSM exercises 

Section 13.3 discussed training as part of the commissioning process. Safety should 
also be a prominent feature of any training program. After the startup of a plant, the 
extent and frequency of training will depend on the composition of the workforce and 
the frequency of changes in duties. All new employees should receive general training 
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on hazards, duties, and company policies. All new and reassigned employees should 
receive job-specific training, and the programs should be monitored and revised when 
necessary [79]. There is extensive literature on the subject, which is too specialized for 
inclusion here. Compilations and general guides are readily available [80]. The many 
documents published by industry associations will be useful, and the members of these 
associations freely share information on their successful programs. 

There are many publications on training programs, including the two references 
immediately above, and many training aids are available in the form of seminars, printed 
material, tapes and films, training kits, and computer software. 

The principles covered in this work and the procedures published by EC, the Cl, 
and the JSIA also can be used as material for training programs. While much of it is 
written for chlor-alkali producers, the basic ideas can be extended to plants that consume 
rather than produce these materials. 


16.4.3. Mitigation of Effects of Release of Chlorine 

Here we turn to mitigation of the effects of any releases of chlorine after they occur. 
We consider first release as vapor, whether from a system handling chlorine gas or 
from a liquid-phase leak, and then the release of relatively large quantities as the liquid. 
Small leaks sometimes can be dealt with by emergency intervention. Techniques are 
highly individualized and are not discussed here. The reader is referred instead to EC’s 
GEST 93/179. 


16,4.3,}. Release as Vapor, Section 16.2.1 discussed the allowable concentrations of 
chlorine vapor in the workplace. The values presented are very low and are tolerable 
on a more or less routine basis without endangering the health of workers. This section 
turns to higher concentrations that may be present under emergency conditions. Withers 
and Lees [81] suggest as a probit for the toxicity of chlorine: 

Y = -8.29 + 0.92 InCC^O (4) 


where 

Y = the probit 

C = the lethal concentration of chlorine in air, ppm (v/v) 

/ = the time of exposure, min 

The probit is an arbitrary mathematical construct. It is a random variable with a 
normal distribution, assigned a mean value of 5.0 and a standard deviation of 1.0 [82]. 
Substituting a value of 5.0 for the probit in Eq. (4) gives the concentration-time rela¬ 
tionship for the median case. This is designated by LC 50 , the dose that is lethal to 
half the population. We have In(C^r) == 14.446, or C^t — 1,878,000. This gives, for 
example, a 30-min LC 50 of 250 ppm. The advantages of the probit are that it relates 
lethality to exposure over a wide range of values and allows some estimation of the 
fraction of the population affected by a given concentration. The LCm, for example, 
is removed from the mean by 1.28 standard deviations, and so the value of the probit 
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Exposure Time, minutes 

FIGURE 16.2. Time-concentration behavior of toxicity of chlorine. 


is 3.72, and In(C^r) = 13.054. The 30-inin value of LCio is 125 ppm. Other time 
intervals correspond to other concentrations, and Fig. 16.2 is an example. 

The form of Eq. (4) and the shape of the curves in Fig. 16.2 show that there is 
not a single “toxic dose.” In other words, the product C x r is not constant. Higher 
concentrations of chlorine are more dangerous than the assumption of a toxic dose 
would indicate. This seems to be a widespread if not a general phenomenon. When the 
independent variable in the probit equation is expressed as C'*?, the exponent normally 
is greater than 1.0. Lees [83] gives an approximate value of 2.75 for both ammonia and 
chlorine. 

Harris [84] warns against placing too much faith in the accuracy of the probit over 
the full range. It would be most helpful to use Eq. (4) to estimate what concentrations 
are toxic to a smaller fraction, say 1 % or less, of the population, but the values even 
at the 10% and 90% levels are questionable. The difference between the concentra¬ 
tion exponent of 2 used in Eq. (4) and the value of 2.75 used by Lees illustrates the 
problem. 

Combining the probit with gas-cloud dispersion calculations (Section 16.4.2.5) is an 
approach to consequence analysis. Again, users should be aware of all the assumptions 
behind such a model and have a healthy suspicion of the precision of the results. The 
generalized dispersion calculations referred to above may not adequately reflect the effect 
of gravity on dense gases like chlorine. A chlorine gas cloud tends to stay close to the 
ground. Here, it usually meets more obstacles and always feels more ground friction. This 
speeds up the dispersion process and reduces the downwind penetration of hazardous 
concentrations. On the other hand, it increases the lateral spread of the cloud. This can 
increase the width of the hazardous area, especially near the release point. Gravity also 
keeps more of the cloud at a breathable height. Another aspect not covered by generalized 
methods is the possibility of aerosol formation in a two-phase release. The total amount 
of chlorine present in a cloud may be more than that calculated. Depending on the size 
of the particles formed, there may be gradual rainout as the cloud travels, followed by 
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vaporization at ground level. This was already alluded to in Section 16.4.2.5. Very small 
particles may remain with the cloud and gradually vaporize. 

Most public disaster plans include some scheme for evacuation of a plant and part 
of its surrounding area. Given the speed with which a chlorine cloud moves downwind, 
such schemes are of doubtful value in many instances. A better approach may be to take 
shelter in a building with doors and windows closed and air circulators idle until the 
cloud has passed. 


16.43,2, Release as Liquid, Liquid chlorine itself is easily contained if it spills. The 
greater hazard lies in its vaporization, and the preceding discussion on vapor releases 
applies to liquid releases as well. There are two stages of vaporization to consider, 
immediate flashing to the atmospheric boiling point and slower continuous vaporiza¬ 
tion from an unconfined pool. The first mechanism pertains to chlorine that was held 
under pressure above the atmospheric boiling point of —34°C. Liquid, when released, 
will boil under its own sensible heat until its temperature drops to the boiling point. 
This vaporization is nearly instantaneous. Figure 16.3 shows the calculated percentage 
vaporization as a function of storage temperature. Another curve with a different ordinate 
scale shows the saturation pressure corresponding to that temperature. Working back¬ 
ward from the storage pressure will give a conservative estimate of the amount of vapor 
generated. Note that at most primary liquefaction temperatures, about 10% of a chlor¬ 
ine spill will vaporize immediately. When chlorine held at warm ambient temperature 
spills, this increases to 20-25%. Given a favorable mass-transfer situation, such as 
being spread into a wide pool and subjected to a wind, the liquid can become subcooled. 
Figure 16,3 also shows that cooling to —50® C increases the quantity of chlorine vaporized 
by 4.5-5% of the amount spilled. 

After flash vaporization, or from the start if chlorine spills from a system at atmo¬ 
spheric pressure, the pool begins to evaporate. Since the liquid has no sensible heat 
to contribute, an outside source of heat is required to produce vapor. Therefore, the 



FIGURE 16.3. Instantaneous vaporization of chlorine spill. 
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substrate in the collection zone should be impervious. If chlorine is able to percolate, 
for example into sandy soil or a surface covering of gravel, the area of solid in contact 
with chlorine increases markedly. This increases the rate of heat input and thus the rate 
of vaporization of chlorine. Similarly, there are advantages to using materials with poor 
heat-transfer properties in the collection area. At the same time, these materials should 
have low porosity, again in order to reduce the surface area in contact with the chlorine. 

If a chlorine storage tank is simply diked, a low wall may be sufficient for contain¬ 
ment, but the area available for vaporization of chlorine and for transfer of heat to the 
chlorine from the air and the ground will be relatively very high. Better control of the 
vaporization process results when the floor under the storage tank is sloped and the liquid 
is collected into a deeper sump of smaller area. Dike walls should always be vertical 
or nearly so in order to prevent spillover of chlorine due to wave action or its initial 
momentum. 

A collecting sump can be designed with a small area exposed to the atmosphere. 
This reduces the rate of mass transfer (i.e., the rate of formation of vapor). It also provides 
an opportunity to apply a cover and vent the sump to an absorption device. Figure 16.4 
shows some of the design practices that contribute to mitigation of the results of a spill 
of a volatile liquid. 

Another technique for control of the vaporization of liquids is the application of 
foam. This provides a barrier between the surface of the liquid and the atmosphere, and 
its intent is the reduction of heat- and mass-transfer rates. Those considering the use of 
foam should have a clear understanding of the physics involved. Harris [56] points out 
two basic facts: 

1. The application of aqueous foam to a pool of chlorine adds heat to the liquid 
mass. As the foam collapses, the contained water drains and contributes sensible 
heat to the colder chlorine. The water will also freeze or react with the chlorine 
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FIGURE 16.4. Possible containment features for liquid chlorine storage. 
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to form the hydrate (Section 9.1.3.5). Both these processes are exothermic. The 
heat supplied by the application of the foam will cause a certain amount of 
chlorine to vaporize. 

2. The best methods of treatment of flammable and nonflammable spills may be 
quite different. Part-time emergency workers, such as those in local fire depart¬ 
ments, do not always understand this. It is the responsibility of the chlorine 
manufacturer or user to see to it that these people have some training in the 
proper response to a chlorine spill and do not automatically apply a foam when 
it is not called for. 

A foam can break down with time or be carried away by the wind. Repeated applications 
may be necessary. The ideal foam will have a high expansion factor, to keep the water 
content low, but not too high a factor, to make it less likely to be carried away. For a 
foam to be effective, it must prevent more vaporization that is due to other causes than 
it creates by its own action. It can do this only by preventing the influx of heat from the 
atmosphere. Accordingly, there is no case for the use of foam on a chlorine spill indoors 
in any case or outdoors on a cold, still night. An alternative to foam is a plastic sheet 
large enough to cover the surface of the collected liquid. 

Another technique for mitigation of the consequences of the release of a volat¬ 
ile liquid is the control of the vapor by a water spray or curtain. For example, large 
quantities of water have been effective in capturing pressurized, superheated HF after 
sudden release from a container [85,86]. Neutralizing agents added to the water were 
of little value, and fire monitors appeared to be as efficient as spraying systems. HF 
is highly soluble in water, and this fact accounts for its efficient removal from the gas 
cloud. The first thing to understand about the use of a water curtain in our case is 
that it is not a technique for dissolving chlorine. The solubility of chlorine is too low 
(Section 7.5.9.1) and the mass-transfer process is too inefficient. A water curtain is a 
barrier on one or more sides of a vapor cloud and a source of energy for dispersal of 
the vapor. Any absorption of chlorine provides very slight mitigation of the original 
hazard but also creates a cleanup problem. Anyone planning to use a water curtain for 
containment within a plant therefore must plan carefully for drainage and collection of 
the water. It is also important to avoid spraying water onto a leak, especially in a ferrous 
metal system. This can increase the rate of corrosion dramatically and aggravate the 
problem. 

Thomerson and Billings [87] describe field tests in which chlorine was released 
at up to 70kgmin“^ from three 1-ton containers. Typical wind velocities were about 
9 m s~^ Relative humidity was very low, the test site being located in the Nevada desert. 
It is noteworthy that the temperature of the spilled liquid stabilized at about “50®C, well 
below the boiling point of -“34°C. The wind subcooled the liquid, which was collected in 
a well-insulated pan, and approximately 50% of the chlorine vaporized during a test. The 
use of downwind water sprays in these tests reduced the concentration of chlorine in the 
air by an average of 31 %. This was attributed to the induction of dilution air by transfer 
of momentum from the spray. As noted above, the spray also forced the vapor cloud 
lower, so that the concentration of chlorine at 1.5 m elevation was actually higher for a 
distance of 230 m from the point of release. In these tests, portable fire water monitors 
performed relatively poorly. 
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16,4.3.3. Quantitative Risk Assessment. Previous sections in this chapter dealt with the 
identification, measurement, and mitigation of hazards in a chlor-alkali plant. Plant 
safety and Responsible Care programs define the objectives of continuous improve¬ 
ment in safety performance. The discussion of mitigation immediately above naturally 
leads on to the larger question of the most direct and cost-effective approach to this 
improvement. 

Quantitative risk assessment, based on the techniques presented here, is finding 
increased use in the guidance of these efforts. The risks presented to workers and plant 
neighbors by a chlorine release, for example, can be evaluated by combining: 

1. preliminary hazard analysis (PrHA) to identify the most likely sources 

2. Hazop to identify likely scenarios 

3. FTA to determine potential incidents and their probabilities 

4. estimation of the size of a release 

5. maps and population density data to determine how many people may be at risk 

6. gas-release modeling to establish time-concentration behavior over the affected 
area 

7. probit analysis to assess the potential for fatalities 

The major objective of quantitative risk assessment is to determine the magnitude of 
a specific risk and the sum total of foreseeable risks to an individual worker and to 
the population at large. Staying with our example of a release of chlorine, one should 
be able to identify the probability of exposure to a certain concentration or use all the 
information available along with an agreed probit to determine the expected frequency 
of fatal accidents. On a larger scale, quantitative risk assessment also allows an analyst 
to determine a frequency distribution of incidents leading to the various numbers of 
fatalities. The latter is usually presented in a plot of calculated frequency (/) against the 
number of prompt fatalities {N). 

For quantitative risk assessment to be useful, there must be recognized cri¬ 
teria for judging hazards. The criteria given in EC’s GEST 90/161 [88] start from 
consideration of natural mortality. The minimum level, for 10-15-year olds, is 
about 10~^/year. The policy adopted requires that an activity should not increase 
the background risk by more than 1%. The upper bound of acceptable individual 
risk is therefore 10“^/year. An increase of 0.01% in risk is considered negligible. 
This corresponds to 10~^/year. The definition of individual risk set by the gov¬ 
ernment of The Netherlands is the expected frequency with which a hypothetical 
person permanently located out-of-doors at a given distance from the hazardous 
source would be killed. The real risk to an individual will generally be significantly 
lower, because this definition allows no reduction for successful escape from the 
hazard. 

There must also be a risk criterion for hazards with potentially large societal impact. 
Here, incidents in which 10 or more people are killed with calculated frequencies of 
10”^/year or higher are deemed unacceptable. A reduction of the expected frequency by 
a factor of 100 again allows the risk to be considered negligible. The seriousness of a risk 
is taken to be proportional to the square of the number of people involved. Figure 16.5 
summarizes these criteria. 
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FIGURE 16.5. Criteria for group risk. 



FIGURE 16.6. Typical group risk f-N curve. 


Figure 16.6 shows the f-N curve generated by a risk analysis for one site [83]. 
The lines of Fig. 16.5 are superimposed. These show that the risk is at all points below 
the acceptable level. It is in fact always less than 10% of the acceptable level, and the 
overall rating would be that this is a low-risk operation. In the range N — 5-150, the 
risk is above that considered negligible. To the extent that one can choose, continued 
efforts at improvement might concentrate in this area. 
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16.5. WASTE MINIMIZATION AND DISPOSAL 

The amount and nature of wastes generated in a chlor-alkali operation depend on the 
technology practiced and the condition and methods of operation of the plant. Disposal 
practices will depend on the wastes generated and on local regulations or plant objectives 
regarding their disposal. This section gives a brief discussion of disposal problems and 
practices for certain wastes. For convenience, we group these as solid, liquid, and gas 
depending on their state in the process. Mercury-bearing wastes are a special case and are 
treated in a separate section. While not a “waste,” retired brine caverns are an ongoing 
environmental issue, and a brief discussion of the most likely problems also appears in 
this section. 


76.5.7. Solids 

16.5. LI. Membranes. Membranes are generally inert and contain no hazardous mater¬ 
ial. They are considered safe to handle, and only the most basic precautions, such as 
avoiding prolonged contact with the skin, are necessary. There are no serious prob¬ 
lems with liquid or gaseous discharge, and we comment here only on disposal of the 
membranes themselves. 

Membranes to be removed from the cells will be wet and swollen with electrolytes 
and should be handled accordingly. Rinsing and soaking relieve this particular hazard. 
Used membranes can be sent to a sanitary landfill. Another possible method of disposal 
is incineration. Off-gases must then be scrubbed with an alkaline medium to prevent the 
escape of HF and other corrosive or toxic gases. 

Scrap produced by trimming sheets of membrane to size should be disposed of in 
a similar fashion. 


16.5.1.2. Asbestos 

16.5.1.2A. Air Emissions. Inhalation of airborne particles is the major concern with 
asbestos. The measures taken to confine solid and waterborne asbestos are intended 
primarily to prevent its later escape as dry fibers into the atmosphere. 

There is also the possibility of direct discharge to the atmosphere whenever asbestos 
is handled. Final handling of the dry material and application of diaphragms take place in 
enclosed, ventilated areas. Workers in those areas wear respirators for protection. Access 
regulations, negative pressures in operating areas, and filters on air discharges prevent 
the escape of asbestos into the surroundings. Much of the handling of asbestos from its 
arrival on the plant to its delivery to the depositing facility is often in closed containers 
to prevent its escape. Any spills that occur should be collected promptly before they are 
dispersed and become airborne. 


16.5.1.2B. Water Effluent. Most chlor-alkali asbestos waste is first produced as a sus¬ 
pension in water. Spent diaphragms typically are removed from cathodes by a water 
spray. Especially in the case of modified diaphragms, the water supply may be at high 
pressure, and splashing is severe. Facility design must first of all confine the discharge 
and then collect the water and wet asbestos in a defined area or sump. Wash water used 
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to remove spills and asbestos flyings from floors and walls can be collected in the same 
way. The momentum of a stream of wash water can disperse dry asbestos before it is 
sufficiently wet. Therefore, this operation requires some care. 

Primary separation of the mass of asbestos can be by settling in the sump. Final 
cleanup of water discharge is by filtration. Much of the water can be reused, reducing 
the volume to be discharged. 

The concentrated asbestos slurry also can be filtered to a concentration suitable 
for collection in secure packages for disposal. Wet, filtered asbestos is much easier to 
handle and less likely to escape than dry asbestos. It is therefore less hazardous. Wet 
asbestos, however, has the unfortunate tendency to become dry asbestos, and so it should 
be collected and packaged promptly. 


16.5.1.2C. Solid Waste. Regulations for the disposal of asbestos vary with locality but 
usually involve sealing the wastes in impermeable containers for final disposal by a 
licensed agent. 

Some producers prefer to use disposable clothing for employees handling asbestos. 
The clothing should be considered contaminated, and then wrapped and disposed of as 
asbestos waste. 


16,5.1.3, Brine Sludges. Here we consider the undissolved or precipitated solids that 
must be removed from salt dissolvers and brine clarifiers. The amount of solids left 
behind in the salt dissolvers depends greatly on both the composition of the salt and the 
method of operation of the dissolving process. Table 7.2 gives representative figures for 
the amount of residue left by salts of different quality. The solids are primarily sand, clays, 
atmospheric deposits, soil picked up while handling the solid salt, and calcium sulfate 
that did not dissolve. The last-named contaminant is selectively left behind, especially in 
those dissolvers that limit the time of contact between the salt and the dissolving water. 
It may also be selectively rejected by special inhibitors or by the addition of calcium 
ions to the dissolving fluid. All these techniques of selective dissolving are discussed 
in Section 1.2.2,5. The great mass of this particular sludge is nonhazardous, and its 
disposal often does not pose a regulatory problem. Unless the dissolvers are designed 
for continual removal of the undissolved solids, shutdowns are required, and removing 
the solids from the vessels can be a very messy operation. This is one reason for confining 
the area at the bottom of the dissolvers, so that the remnants of the sludge that are hard to 
pick up cleanly can be contained and later collected by sweeping, scraping, or flushing 
with water into a sump. 

Clarifier sludge is removed continually from the bottom of the clarifier cone 
(Section 7.5.3.2D). Its composition is quite different from that of saturator sludge, con¬ 
sisting mainly of carbonates and hydroxides of the precipitated metals. Like the saturator 
sludge, it is usually nonhazardous, and disposal is not complicated. When barium is 
used to precipitate sulfate, and in those rare cases where barium is found in considerable 
quantity in the salt or brine, the sludge requires characterization before it can be sent to 
a landfill. Traces of other heavy metals may also restrict methods of disposal. 

The reference to the material in the sludges as nonhazardous applies only to 
membrane- and diaphragm-cell plants. In a mercury-cell plant, the sludges will contain 
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mercury dissolved in the occluded solutions and possibly also as precipitated solids. 
The latter problem can be relieved by maintaining a certain level of free chlorine in the 
depleted brine that is recycled to the dissolvers for reconcentration (Section 7.5.9.2A). 
This keeps the mercury oxidized to the soluble form HgCl^”. The recovered sludge still 
must be rinsed to remove the occluded brine, and with it the dissolved mercury. The 
sludge also can be treated to remove mercury before disposal. 


16.5,1.4, Filter Solids. There are several different kinds of filtration operation in 
chlor-alkali plants. Every case requires a separate decision on how to dispose of the 
solids removed from the filter. In this discussion, we do not consider the problem of 
occluded mercury in filter solids. The special problems of mercury-contaminated solids 
are discussed in Section 16.5.5.1. 

Some minor operations and some utility-polishing filters have very low solids loads, 
which may not be recovered separately. Rather, the filter element may be discarded along 
with the solids. These seldom present a serious toxic hazard. Good practice may require 
rinsing of these elements before disposal to remove traces of process fluids. Otherwise, 
it may be the safe and acceptable disposal of the filter elements themselves that governs 
the procedure. 

Brine polishing filters (Section 7.5.4.2) usually employ solid filter aids, which 
become part of the disposal problem. Their most obvious effect is to add to the volume 
of solids requiring disposal. Since most filter aids are cellulosic or siliceous, again the 
toxic hazard is quite low. The operator handling these wastes, however, should be familiar 
with their detailed analyses, because trace contaminants (e.g., metals in the filter aids) 
may need special attention. The filtered solids are of approximately the same composition 
as the clarifier sludges discussed in Section 16.5.1.3. 

Both steps in the brine filtration process usually rely on backwashing or sluicing to 
remove the filtered solids. This is done to keep the productivity of the filter installation 
high and to avoid the handling of messy pastes and sludges. The practice in some plants 
has been to take these backwash streams to a settling chamber or pond and to let the 
solids gradually settle out of the liquor. After removal of the supernatant liquor, the 
resulting muds can be scooped or dredged for removal from the site or even allowed to 
accumulate in a designated area. Removal to an offsite landfill is now becoming more 
common, and this usually requires production of a mass with a high solids content. 
This leads to another filtration operation in which the recovered solids are delivered as a 
slurry. Belt filters and rotary vacuum filters appear in this duty. The filtrate, which may 
still contain suspended solids, returns to the brine treatment process. Commonly, the 
final filters are elevated to allow the cake to drop directly into containers or vehicles for 
removal from the site. 

Another method for disposal of brine-system solids, although much less frequently 
used, is to send them to an operating or retired brine well for underground disposal. 
Section 7.2.2.4C discusses this option. 


16.5.1.5. Miscellaneous Solids. Miscellaneous solids include auxiliary materials used 
in the process, small parts being replaced, packages and wrappings, and everyday trash. 
Carbon, other adsorbents, filter aids, and ion-exchange resins used to treat water and 
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brine are examples of materials removed from the process. Consumable parts include 
valves, gaskets, packings, cell renewal material, etc. Materials in these two categories 
should be rinsed or washed to remove process materials. All miscellaneous solids should 
then be disposed of properly, according to their respective properties. Segregation of the 
various types can simplify the procedures. 

Anything exposed to mercury during its use will require special handling and 
perhaps decontamination (Section 13.12). 

76.5.2. Liquids 

16.5.2.1. Spent Sulfuric Acid. The sulfuric acid used to dry chlorine gas becomes a 
waste product. The discussion in Section 9.1.4.1 shows that the quantity of waste acid 
generated is inversely related to the difference between the concentrations of feed acid 
and waste acid. Production of a more dilute waste acid means generation of less waste 
product. This is constrained by the ability of the drying system to produce chlorine gas 
of satisfactory quality, the increasing corrosivity of the chlorine-containing acid, and the 
method of disposal of the waste acid. 

Possible means of disposal include: 

1. productive use as a neutralizing agent for alkaline waste streams 

2. dechlorination of waste condensate from a chlorine cooling system 

3. return to the sulfuric acid supplier for disposal or reconstitution 

4. neutralization by alkaline material for disposal 

In any of these cases, prior removal of dissolved chlorine from the spent acid 
is desirable, and this is the subject of Section 9.1.4.4E. Method (4) appears on the 
list above as well as method (1) because the amount of acid generated may exceed 
the local demand for neutralization of alkaline waste. This situation depends on a 
plantwide balance and is not constrained to the battery limits of the chlor-alkali 
unit. Use of the acid as a dechlorinating agent, as in number (2), is limited to situ¬ 
ations in which the treated condensate is not returned to the brine process (e.g., 
diaphragm-cell plants). The presence of sulfates in the stripped product makes it 
unsuitable for recycling. Many producers favor option number (3), when it is avail¬ 
able. The supplier’s ability to handle the material may dictate the concentration of the 
spent acid. 

16.5.2.2. Process Condensates. Many operations produce condensed water from pro¬ 
cess fluids. These may arise from cooling process gases (chlorine and hydrogen) or 
from condensation of vapors produced in evaporation or crystallization operations (salt, 
sulfate, or caustic). Selective reuse of the condensate streams in the process reduces the 
volume, and especially the total dissolved solids load, for disposal. 

We shall treat handling of these condensates in a mercury-cell plant as a special 
case in Section 16.5.5.3. In the other technologies, with the exception of chlorinated 
condensate, the condensed streams usually present no severe hazard, and their disposal 
is relatively simple. Contamination with caustic or salts is usually through entrainment 
from an evaporating system. Unless there is an accidental massive entrainment, the 
dissolved solid content of these streams can usually be kept within reasonable bounds. 
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Disposal is safe and can be kept within permissible limits by managing the degree of 
entrainment with standard devices. 

Caustic is the most valuable as well as the most hazardous of the latter group of 
contaminants. Most plants have more or less elaborate schemes for recovery of caustic 
evaporator condensate and its use in the process. This is especially true in diaphragm-cell 
plants with their high evaporative load, and the reuse of evaporator process condensate is 
the subject of Section 12.4.3.2. Hydrogen gas will also carry a certain amount of caustic 
entrained from the cells. Much of this is removed in cooling the gas. 

While the solubility of hydrogen in aqueous solutions is very low, there is still the 
possibility of some entrainment of gas when condensate forms. This is usually not a 
large quantity, but it should be considered whenever the condensate is held in a closed 
system. 

Chlorinated condensate arises in the chlorine cooling system and must be stripped 
before disposal and even before reuse in the process, A secondary dechlorina¬ 
tion may be necessary if the water is to be discarded or transferred to another 
operating unit. 

Condensation may take place by transfer of hot gas with a process stream, by indirect 
cooling through a heat-exchange surface, or by direct contact with a coolant. In the first 
instance, condensed material is kept within the process and is not an immediate disposal 
problem. When removed by indirect cooling, condensates are at full strength and are 
most easily gathered for treatment. Direct-cooling systems, as for instance in barometric 
condensers attached to evaporation systems, produce low-level contamination of cooling 
water. The immediate result is usually a slight increase in the dissolved content of the 
cooling water. This requires a higher rate of blowdown of water from the cooling water 
system (Section 12.4,2.ID). 


16.5.2.3. Caustic. Dilute solutions of caustic that are free of process contaminants can 
return to the process. They can be used to dilute caustic product for brine treatment or for 
general utility application. In membrane- and diaphragm-cell plants, they can be blended 
at a controlled rate with evaporator feed. In mercury-cell plants, they can similarly be 
used as part of the decomposer water feed. 

In some cases, it will be necessary to dispose of caustic wastes outside the chlor- 
alkali production area. Local regulations and permits then govern their final disposal. The 
waste should always be neutralized before discharging to a stream or a sewer. Dilution 
also may be necessary when the caustic concentration is high. Strong alkalis can interfere 
with bacterial activity in wastewater and sewage treatment plants. Those in charge of 
a receiving facility should be notified promptly whenever there is an accidental spill of 
caustic. 

Chlorine scrubber waste solutions are a special case here. The controlled reaction of 
chlorine and caustic soda produces commercial bleach solutions. A loss of strict control 
of the reaction conditions allows the hypochlorite produced by the primary reaction to 
degrade (Section 9.1.10.3A). In an emergency scrubber, total capture of chlorine that 
is released unpredictably and at highly variable rates is a more urgent goal than is the 
preservation of the hypochlorite. The liquor may then become a waste product. It should 
be considered a hypochlorite waste and treated as in Section 16.5.2.6. 
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1 6.5.2. 4. Ion-Exchange Regenerants. Section 7.5.5.2B shows that each regeneration of 
an ion-exchange bed creates about 0.6 of effluent/daily ton of chlorine capacity. This 
is a large total volume of high dissolved solids concentration. The reference section 
therefore discusses ways to reuse much of the acid and caustic value somewhere in the 
process, and this should be one goal in design. 

With proper design and monitoring, it is possible to segregate objectionable effluents 
from nearly pure water (the average electrolyte concentration in the streams listed in 
Table 7.17 is only 1.3%). This would reduce the volume requiring treatment but not the 
true pollution load. The simplest approach to reducing the amount of hazardous material 
is to allow the effluent to equalize somewhere. Self-neutralization then removes most of 
the HCl and NaOH. Table 7.17 shows that conversion of the resin back to its sodium form 
is more efficient than regeneration with HCl. The equalized effluent therefore is acidic. 
All the residual NaOH should be converted to NaCl, along with about 90% of the HCl. 
The combined effluent has a concentration of about 1 %, consisting of 0.20% HCl, 0.07% 
CaCl 2 , and 0.78% NaCl. This produces a calculated pH of 1.0-1.5. In all normal cases, 
then, discarded waste from regeneration requires neutralization by an alkaline material. 
Using the same basis as above, neutralization would require up to 1.5 kg NaOH/t CI 2 
and produce a stream with 1.1-1.2% total dissolved solids. 


16.5.2.5. Utility System Blowdown. The generation of plant utilities also produces 
wastes that require proper treatment and disposal. Here we consider three categories: 

1. Water treatment 

2. Steam condensate 

3. Cooling water 

All of these utilities are discussed in Chapter 12. Their wastes, described below, usually 
do not present new or different problems of waste disposal, but they do require the proper 
facilities and management. 

The water treatment process, which may not be necessary in some plants and not 
connected with the chlor-alkali operation in others, may remove suspended solids, dis¬ 
solved solids (primarily hardness elements), color bodies, and other organics. Suspended 
solids may be removed directly by sedimentation or with the aid of coagulants. Dissolved 
impurities are usually removed by precipitation with chemical treating agents. The solids 
generated are removed by sedimentation and filtration, often with the use of filter aids. 
All these additives increase the volume of waste. Control measures are quite similar to 
those used with similar process wastes. 

In some plants, further treatment of the water is required. The generation of boiler 
feed water to raise steam for the process nearly always requires more treatment, notably 
by ion exchange. This operation produces its own waste when regeneration of the resin 
is necessary. 

Steam condensate may be contaminated in the process, and it usually contains 
some level of treating chemicals that include corrosion inhibitors, neutralizing agents, 
and oxygen scavengers. 

Cooling water makeup normally is not highly treated water, and so it adds to the 
dissolved solids disposal burden. It also contains treating chemicals such as corrosion 
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inhibitors, neutralizing agents, etc. Equation (12.6) relates the volume of blowdown 
required to the acceptable concentration factor (effluent/makeup) for dissolved solids 
and the characteristics of the cooling tower operation. 


16.5.2.6, Hypochlorites. Hypochlorites are not highly stable compounds. One of the 
problems faced by bleach producers is their tendency to decompose spontaneously: 

20cr ^02 + 2cr (5) 

This instability can be put to good use in the handling of waste solutions. A simple 
holding pond, especially one subject to strong sunlight, can substantially reduce the 
hypochlorite content of a solution. The disadvantages of this approach are the lack of 
operator control of the decomposition process, the large plot area required, and the odors 
(in this case, usually not unpleasant) that arise from open ponds. 

Various metals catalyze reaction (5). Homogeneous catalysis by dissolved salts, 
such as nickel sulfate, is useful in the treatment of plant wastes. The higher rate of 
reaction makes treatment in vessels of reasonable size feasible. These catalysts would 
not be applicable to streams, such as depleted brine, that recycle to the process. Instead, 
over the years, there have been attempts to produce heterogeneous catalysts for use 
in fixed beds. These rely on catalytically active metals such as cobalt and nickel. 
Section 7.5.9.3B discusses the process and apparatus now used commercially with a 
nickel catalyst [89]. 


16.5.2.7. Refrigerant. While some chlor-alkali plants may still be using refrigerants 
with high ozone-depletion potential, we assume that they are few and gradually disap¬ 
pearing and that no new plants will use such refrigerants. Therefore, the extra measures 
required for containment are not discussed here. 

There is no situation in which it is desirable to remove a refrigerant from its confining 
system during operation. An efficient system will contain a purge unit designed to remove 
accumulating moisture and noncondensable gases. This should be carefully designed to 
prevent escape of a refrigerant with the purged gases. The refrigerant should instead be 
condensed and returned to the system. 

Refrigerant losses can occur when charging a supply, during operation, and during 
maintenance shutdowns. Keeping the refrigerant confined during operation is a matter 
of proper design and installation. All joints must be made and kept tight. Occasional 
checking for leaks will help to prevent losses. Maintenance may require removing the 
refrigerant charge from a machine. Every installation should have a pump-out compressor 
that can be used on any one of the parallel refrigeration systems. The compressor should 
be able to remove essentially all the refrigerant from the unit being shut down and transfer 
it to a holding tank or to one of the parallel units. 

16.5.3. Vapors and Gases 

Well-operated membrane- and diaphragm-cell plants should not have serious problems 
with gas releases. Some plants, generally small in capacity, deliberately release hydrogen 
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into the atmosphere. Proper dilution and dispersal keep the concentration of hydrogen 
everywhere well below the lower explosive limit. Otherwise, hydrogen is not a dangerous 
substance and does not create an air pollution hazard. Gaseous chlorine can escape when 
there is a process upset or when it is incompletely liquefied or reacted in the plant. 
As described in other sections of the book, there are extensive facilities to prevent its 
escape into the atmosphere. Fugitive emissions of chlorine are another issue [90], These 
can arise from any point in the chlorine-handling process, whether the fluid is liquid 
or gas. Leakage is more severe when liquid chlorine is present at the fault. Even under 
the same pressure, a liquid-phase leak will release much more chlorine than will a gas- 
phase leak. Under one typical set of conditions, there is a factor of 16 between the 
two cases in the rates of release [91]. At low pressure and in the absence of flashing 
within the orifice, this factor becomes greater ("^25). Every joint and every valve are 
potential sources of emission. In addition to the normal maintenance programs, there 
should be occasional surveys to identify points of leakage. Identified sources can then 
be assigned maintenance priorities. 


16,5A. Retired Brine Caverns 

Section 1.2,2 A discussed the production of brine by solution mining. Eventually, each 
solution-mining site will go out of operation and must be secured. Conversion into a 
waste storage facility is a different case, not treated here. 

Usually, addition of a sealant to the mineshaft isolates the retired cavern and allows it 
to be abandoned. However, there are several processes that continue underground. These 
must be considered in planning for abandonment and probably will require monitoring 
for some time [92]. First, salt will continue to creep into the hollow space created by 
mining. Second, there usually is transfer of heat from the salt to the brine in the cavern. 
Both these processes tend to increase the internal pressure. The first process is most 
pronounced in the first 10 years; the second can continue for decades. In either case, the 
rate of pressure increase is greatest at the start and gradually decreases. An example in the 
reference report showed that pressure in one well increased from essentially atmospheric 
up to about 2.6 MPa in 2 years. The increase in pressure is partly offset by leakage through 
the seal and permeation into the salt. Both are undesirable, especially the second. The 
salt becomes much more permeable when the internal pressure reaches the point where it 
closely matches the stresses in the salt formation. This must be avoided to prevent spread 
of the fluid. The first measure is to leave the well uncapped for as long as is reasonably 
possible. Next, the increase in pressure can be mitigated by occasional withdrawal of 
fluid from the cavern. 


16,5.5, Mercury-Containing Wastes 

The typical mercury-cell chlor-alkali plant has elaborate facilities for containment of 
mercury within the process area and for removing it from discharged streams. The 
amount of mercury released into the environment by chlor-alkali producers has been 
decreasing steadily, partly because of the emphasis on its control and partly because 
of the downward trend in mercury-cell production. During the five years ending in 
2001, for example, the mercury-cell capacity of EC producers dropped from 64% of the 
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installed total to 54% [93]. Since then, European mercury-cell production has, for the first 
time, dropped below 50% of the total [40], Measured releases of mercury in 2001 were 
1.25 g t"^ chlorine. This includes emissions to the air or water and mercury contained in 
products. It represents a 74% drop in the total over 10 years. A perennial problem with 
the analysis of mercury-release data has been the poor accountability usually achieved 
in global material balances. Purchases have consistently been several times higher than 
measured releases. In the United States in 1996, for example, the chlor-alkali industry 
identified 35 tons of released mercury. Total purchases for the same year were 136 tons 
[94]. The latter figure will vary from year to year because it is only a small part of the total 
chlor-alkali inventory of about 3,000 tons. A running average of 150 tons purchased per 
year indicates that the inventory, nearly all of it in-process, is about 20 times the yearly 
reported consumption. 

Regulatory pressure to reduce mercury emissions, meanwhile, increases continu¬ 
ally. There is a new trend to regulate the effects of mercury rather than its concentration 
in plant effluents or in receiving systems. In this regard, Section 16.2.6 mentioned the 
use of the concentration in fish rather than in the body of water in which they reside. 
In the United States, the EPA wants to regulate the overall use of mercury and reduce 
its “intentional” use by 50% of 1995 levels by 2006 [95], Goals are to limit the impact 
of mercury from abandoned mines and ongoing mining activities, reduce air emissions, 
limit the use of mercury as a global commodity, and develop water discharge limits that 
take deposition from the air into account. 

The retirement of mercury-cell plants has created a new issue, the disposal of their 
mercury inventory. This has been considered a “waste” by some. However, mercury 
remains a useful commodity and automatically regarding it as a hazardous waste may 
be counterproductive [96]. Handling of mercury is an issue that requires an accepted 
societal policy. The metal is available from strategic reserves, retired or converted cell 
rooms, and reclamation processes. Total stocks worldwide are estimated roughly to be 
25-50,000 tons [97]. The gradual run-down of mercury inventory before retiring a plant 
is not a useful technique. The opposite approach, increasing the amount of mercury in 
the cells, has in fact been used in older plants to improve cell performance and reduce 
the loss of mercury to the environment [98]. 

Worldwide demand still requires the production of virgin elemental mercury. 
In some countries, however, availability from the sources mentioned above exceeds 
demand. It would seem better to withdraw mercury from such a stock than to continue 
to produce metal from ore and thus to add to the world’s inventory. Such an approach 
has already been agreed upon between the EC and a Spanish mine [99,100]. In the years 
from 2001 to 2003, 920 tons were transferred from idle plants to the mine, replacing 
that much new production. Along the same lines, Sznopek and Goonan [94] point out 
the ease with which metallic mercury can be reclaimed from defunct plants and recycled 
for use elsewhere. 

Section 16.2.6 discusses the toxicity of mercury and matters of industrial hygiene. 
This section is concerned only with the methods that are used to reduce the amount of 
mercury released into the environment. The subsections that follow describe some of 
the techniques used in treating solids, gases, and liquids as they leave the process. It 
is always preferable, however, to control the release of undesirable material within the 
process. Section 9.2.5.1 described techniques for removal of mercury from hydrogen 
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as the gas is prepared for delivery. Section 9.3.2.6 described the removal of mercury 
from product caustic by filtration. In the case of hydrogen, mercury condensed from the 
gas can be returned directly to the electrolyzer system. Hydrogen is also often scrubbed 
with brine containing free chlorine. This is discussed below. Mechanical changes and 
modified procedures may also be considered in-process controls. These are commonly 
used by mercury-cell operators in their abatement programs, and some of the techniques 
are discussed below. 


16,5.5.1. Mercury-Contaminated Solids. Many plants have recovery facilities that 
include a retort for vaporizing mercury in order to recover it from inert solids. This is 
useful for treating small items or small lots of material that are to be removed from 
the area. Examples include gaskets, decomposer packing, etc. Some wastes, such as 
the decomposer packing, can be pretreated to remove most of the mercury beforehand. 
Mercury butter, or thick mercury, is another source that yields mercury by vaporiza¬ 
tion. This is recovered from cells periodically, and stable operation of the cells with 
high-quality brine can minimize its formation [101]. 

Section 13.12 treats the special subject of decommissioning of mercury-cell plants. 
It tabulates the methods that might be used to reclaim mercury from various types of 
waste or render it less likely to escape into the environment. It includes the disposal of 
large parts such as cells and contaminated structural elements [102]. 

Large-scale handling of solids is also necessary in site-reclamation projects. 
Thibeault et al. [103] discuss the handling and treatment of contaminated soil. The 
separation in their unit was primarily mechanical. Classification to remove rocks fol¬ 
lowed by shredding of the soil and then attrition with water in a cement mixer released 
much of the mercury for collection and storage. The process continued with screening, 
centrifugation in hydrocyclones, and flotation. The clean soil from the flotation cells was 
agglomerated, dewatered, and filtered before disposal in a secure landfill. The treatment 
of about 9,000 tons of soil yielded 650 kg of recovered mercury. 

In operating plants, brine and water treatment sludges are the major sources of 
solid waste that is contaminated with mercury. Maintaining a slight concentration of 
hypochlorite in the circulating brine has already been mentioned as a way to prevent 
deposition of mercury in brine-treatment sludge. Similarly, hypochlorite solutions can 
dissolve residual mercury that is present in low concentration in brine sludge or oxidize 
and dissolve mercury that is present in high concentration as a precipitated compound 
in water-treatment sludge. The clean sludge, after testing to ensure compliance with 
regulations, can be removed from the producing site. The dissolved mercury, present as 
HgCl^”, can, in many cases, be recycled directly into the brine system. With additional 
processing, it can also be reduced to reusable metallic mercury by contact with the 
appropriate metal (e.g., powdered iron) [104]. 


16.5,5.2. Air Emissions. In an early study of methods for plantwide mercury control, 
Hine and coworkers [101] recognized at the outset that control of emissions in the cell 
room ventilating air would be the most difficult task. This situation is due to the diversity 
of possible sources and the difficulty of treatment of the air. The use of gravity ventilation 
in cell rooms (Section 8.2.3) makes such treatment impracticable. Likewise, it is not 
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feasible to reduce the flow of ventilation air below a certain point. Abatement therefore 
requires measures to eliminate sources of mercury vapor, to contain them where possible, 
and to treat air emissions at their source. Among the first actions in an old plant, accord¬ 
ingly, was the removal of accumulated mercury from the floor and other surfaces in the 
building. Mercury subdivides very easily and gathers in cracks and small depressions in 
surfaces. It then proceeds to vaporize slowly into the cell room air. The floor in a cell 
building therefore should be whole, smooth, and properly sloped to collect any spilled 
mercury. 

Improved control of sources can be as simple as providing covers for end boxes and 
caustic outlets from decomposers. A vacuum system can then collect vapors from these 
locations for treatment as described below. A typical vacuum in the collecting header 
is 100-150 mm H 2 O. Equalizing orifices at pickup points and the eduction of a small 
amount of fresh air at each point stabilize the pressures and prevent the accumulation of 
hydrogen in dangerous concentrations. 

Similarly, cells can be sealed temporarily with covers whenever they are opened. 
Cooling a cell to room temperature before opening also reduces the initial surge of vapor. 
A more elaborate measure was the replacement or modification of mercury pumps to 
provide sealless “canned” pumps. Along with the use of properly annealed piping and 
caulking with a urethane polymer to close any pinholes, this reduced emissions from the 
mercury recycle system. 

Vaporization of mercury into end box ventilating air has been one of the larger 
sources of pollution. Establishing control of this air flow has made possible probably 
the greatest single reduction in air emissions. In many plants, air flows had gradually 
increased more than necessary. In others, gradual deterioration of seals and increases in 
open dimensions as a result of maintenance activities were responsible for these higher 
air flows. The last factor can be offset by upgrading the end boxes. It is also possible, 
through improved design, to provide seals that make the use of ventilation air minimal 
or unnecessary [105]. Section 5.3.1 shows some of the new designs intended to prevent 
the release of mercury. 

Several processes are available for removing vaporized mercury from gases. Here 
we discuss: 

1. cooling (condensation of mercury) 

2. gas scrubbing 

3. adsorption 

These are the same techniques used to treat hydrogen from the cells. Section 9.2.5.1 
discusses them individually. 

The simplest process, and one that is highly effective in treating hydrogen from 
the decomposers, is cooling. Figure 9.57 shows the saturation concentration of mercury 
vapor in a gas at atmospheric pressure as a function of temperature. A typical result 
would be reduction of the mercury vapor concentration to 20-50 mg m”^. This is far 
above the acceptable limit, but it greatly reduces the load on a subsequent process. 

Section 9.2.5.1 also mentions the removal of mercury from hydrogen by scrubbing 
with chlorinated brine or water. The same process can be used to scrub air, as from cell 
end boxes, when enough differential pressure is available to operate a column with some 
degree of efficiency. The chlorine in the scrubbing liquor oxidizes the mercury, which 
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then forms soluble complex ions. In brine, which was assumed to be the scrubbing agent 
for hydrogen, the predominant ion is HgCl^”. When the chloride concentration is low, 
as in some wastewater streams that might be used to scrub air, the coordination number 
of the complex ion decreases. With a chloride ion activity of about 0.1 (3-3.5 gpl), the 
average coordination number is three. In more dilute solutions (<1 gpl Cl“), mercuric 
ions form HgCl 2 , while the mercurous form is present as the insoluble Hg 2 Cl 2 . 

The treated carbons that remove mercury from hydrogen are also effective with 
air. Operating conditions are similar. The higher density of air causes the pressure drop 
through a typical column to be higher (about 80 mm w.c. vs 30 mm with hydrogen). 
Alternatively, a larger column can offer lower gas velocities and therefore reduced 
pressure drops. 

Fugitive emissions are a continuing problem for the usual process reasons and 
also because of the frequent need for operator intervention and opening of equipment. 
With better control over process conditions and more rigorous end-of-pipe treatment of 
controlled vents, the concern over fugitive emissions increased in relative importance. 
Various techniques can reduce the amount of mercury that vaporizes while equipment is 
open. Reducing the frequency of openings accomplishes the same thing in a more elegant 
fashion. Careful attention to the design of cell components and operation combines 
these approaches and offers the possibility of achieving the next significant reduction in 
mercury vapor emissions [105]. 

76.5.5.5. Mercury in Wastewater. The last category to consider is the release of mercury 
in plant wastewater. We have already discussed the fact that very little water leaves the 
anolyte circuit naturally. This is one reason that the typical mercury-cell plant operates 
on purchased solid salt. Since most plants collect wash waters and some rainwater, 
there must be a steady purge. In-process sources include brine purges, cell end boxes, 
seal water, condensates, water treatment systems, and cleaning of equipment, piping, 
and buildings. Frequent cleaning is an important part of mercury control. Removal 
of droplets of mercury from the cell room floor, for example, reduces the amount of 
their vaporization. Eventually, however, a program of washing equipment and floors 
becomes counterproductive. In their zeal to collect any unknown spills of mercury as 
soon as possible, many plants wash floors, for example, frequently and thoroughly. As 
a result, control of the total volume of liquid in the brine circuit becomes more difficult. 
Gissel [106] describes a program that was undertaken specifically to reduce the volume 
of water effluent. Over a period of time and in two different stages, the total effluent 
volume was reduced by nearly 60% to less than 1 m^ t”^ CI 2 without deleterious effect. 
The reduced volume contributed to the reduction of mercury in the final discharge. 
Schmittinger [107] reports that a waste water rate of 0.3-1.0 t“^ CI 2 is achievable. 

The mercury recovered from wastewater may be in any of three forms: 

1. metallic mercury 

2. precipitated mercury compound 

3. dissolved mercury compound 

1. Metallic mercury. Since mercury is so insoluble, simply equalizing flows and 
allowing some time for settling will recover a large fraction of the metal. This recovery 
can be enhanced by treating waste streams to ensure the reduction of mercury compounds 
to the metal. Sodium borohydride and hydrazine are typical reducing agents. After gravity 
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settling, residual mercury is removed by filtration. Pressure filtration with activated 
carbon as the filter aid is the standard process. The filter cake is washed and dried before 
removal. Final recovery of the metal from the carbon is by vaporization in a mercury 
still. Some mercury will remain dissolved in the filtrate. This can be recovered by the 
process described below (#3). 

2. Precipitates. Mercuric sulfide is highly insoluble. In fact, its solubility is so 
low that there is some spread in reported values of the solubility product, but all are in 
the general region of 10“^^. Precipitation with sulfide or a sulfur-containing compound 
therefore is a common technique. The solids are removed by filtration. Again, mercury 
can form anionic complexes with sulfur, and so overtreatment with a sulfide solution can 
be counterproductive. 

There eire several other groups of insoluble mercury compounds. One plant that 
included a fluorocarbons unit adopted a different approach to mercury control [108]. 
The waste HCl from fluorocarbon production was shipped several hundred kilometers to 
a steel mill for use in pickle liquor. The trucks that carried the waste acid then returned 
empty. The solution adopted was to fill some of the returned trucks with waste pickle 
liquor, which is strong in FeCh. This was available at a very low cost and nearly zero 
incremental freight expense. Combining it with chloride-containing wastewater that had 
been made alkaline produced the reaction: 

2Fe^+ + HgClL + 60H“ ^ 2Fe(OH)3 + Hg + 4Cr 

Coprecipitation of ferric hydroxide helped the mercury to settle more rapidly. The first 
approach, at the beginning of the recognized mercury crisis, was to hold the solids in a 
lagoon. 

3. Dissolved mercury. Ion exchange is one of the favored processes for removing 
dissolved mercury from waste water or brine. The mercury is in its anionic complex 
form. Again, the process is enhanced by the affinity of — SH groups for mercury. A 
commonly used resin contains more than 1.2g.eqL~^ of thiol groups. In contact with 
1 mgHgL”' (in the form of HgCl^”), it holds more than 60gHgL“^ With a solu¬ 
tion space velocity of about 10hr“\ it reduces the mercury content of wastewater 
well below 5 ppb. Performance is reported to be essentially independent of pH and salt 
concentration. 

The first step in the treatment process usually is the chlorination of the solution 
to ensure oxidation of all the mercury. This may be carried out at pH 3 to avoid the 
precipitation of iron. After filtration to remove undissolved mercury and hydroxides 
of other metals, the effluent goes on to final treatment. In order to protect the easily 
oxidized thiol groups, reduction of free chlorine is necessary. This is usually done in two 
steps, chemical treatment with a reducing agent and chemisorption on activated carbon 
(both in Section 7.5.9.3). The reducing agent in mercury-removal plants is commonly 
an -based species. 

The regenerating agent for the resin is concentrated HCl. In spite of the process 
precautions, there is always some oxidation of the resin. In the presence of an oxidizer, 
the thiol groups split off protons and form sulfide linkages: 

2R-SH -H. RS-SR + 2H+ 


(6) 
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Continued reaction, which is irreversible, forms oxidized sulfur compounds. After 
regeneration, the resin is occasionally treated with a rejuvenating solution (e.g., alkaline 
NaHS) to reverse reaction (6). 

The mercury removed from the wastewater is dissolved in the regenerating acid. It 
can return to the cells by way of the brine system. 


GLOSSARY 

ANSI American National Standards Institute 

API American Petroleum Institute 

ASME American Society of Mechanical Engineers 
ASTM American Society for Testing and Materials 
CFR Code of Federal Regulations 

Cl The Chlorine Institute 

EC Euro Chlor 

EPA Environment^ Protection Agency (USA) 

ETA Event Tree Analysis 

FM Factory Mutual (insurers) 

FMECA Failure Modes, Effects, and Criticality Analysis 

FTA Fault Tree Analysis 

Hazan Hazard Analysis 

Hazop Hazards and Operability Review (also HAZOP, Hazops) 

ICC Interstate Commerce Commission 

lEC International Electrotechnical Commission 

IEEE Institution of Electrical and Electronics Engineers 

JSIA Japan Soda Industry Association 

LOAEL Lowest Observed Adverse Effects Level 

MSDS Material Safety Data Sheet(s) 

NFPA National Fire Protection Association 

NIOSH National Institute of Occupational Safety and Health 

NOAEL No Observed Adverse Effects Level 

OSHA Occupational Safety and Health Administration 

PMI Positive Material Identification 

PPE Personal Protective Equipment 

PrHA Preliminary Hazard Analysis 

PSM Process Safety Management 

SAR Supplied-Air Respirator 

SCBA Self-Contained Breathing Apparatus 

SEG Similar Exposure Group 

STEL Short-Term Exposure Limit (in conjunction with TLV) 

TLV Threshold Limiting Value 

TWA Time-Weighted Average (in conjunction with TLV) 

WHO World Health Organization 
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17 

Future Developments 


17,1. INTRODUCTION 

Chapter 2 recounts some of the history of chlor-alkali technology and production. While 
very important industrially, the process is an old one and, as one of the few examples of 
large-scale electrochemical production, somewhat outside the mainstream of chemical 
research and development. The industry is part of the commodity chemical business and 
has often faced difficult economic problems. All this seems a recipe for technological 
stagnation. However, the past few decades have seen two major developments that have 
had profound effects on the technology and economics of production. These are the 
introduction of metal ainodes and the partial substitution of membrane technology for 
the older diaphragm and mercury technologies. The first of these was made possible 
by the development of durable, low-voltage coatings that could be applied to titanium. 
Metal anodes offered many advantages over graphite. Furthermore, direct replacement 
of graphite by metal anodes of essentially the same dimensions was also rather a simple 
matter. The changeout therefore was rapid. Membrane technology, on the other hand, 
required extensive changes in the process. Except for the “membrane-bag” cells, which 
were a compromise approach, these changes included new electrolyzers. This is quite 
an expensive proposition, and the energy economy of the membrane cell has not in 
itself justified wholesale conversion. When a producer has the opportunity to expand 
conversion, new facilities are easier to justify, but the economic state of the industry has, 
for the most part, been only fair or poor. The conversion to membrane technology has 
therefore been slow, and only very recently has the membrane process approached the 
total installed capacities of the other technologies. 

Improvements in membrane technology still continue. Any discussion of future 
developments must assume that conversion to this technology will be almost total. There 
is now a new generation of cell designs capable of operating at higher current densities 
than previous versions. This has created a trend toward bipolar technology. Changes are 
underway in the processing of brine and of products, and in the distribution of power 
and the design of cathodes. 

This chapter discusses likely changes in methods of cell operation (Section 17.2), 
auxiliary operations such as brine filtration and power supply (Section 17.3), and methods 
of handling chlorine (Section 17.4). The last section (17.5) speculates on improved 
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electrode characteristics and on the process improvements that might follow if cells 
were operated under substantial positive pressure. 


17.2. CELL OPERATION 

The introduction referred to the ability of newer membrane cells to operate at higher 
current densities. Section 17.2,1 treats this subject briefly. 

Section 9.2.2.2 discussed alternatives for use or recovery of the hydrogen produced 
in the cells. Two methods of integration with electrolysis are suppression of hydrogen 
formation by oxygen-depolarized cathodes and the use of the hydrogen in fuel cells 
to generate power. These methods would compete with the combustion of hydrogen to 
generate thermal energy, as in raising steam. The three processes are thermodynamically 
equivalent. Oxygen-depolarized cathodes contribute to the efficiency of the process by 
reducing the operating voltage of a cell, and so they would be applied directly in new 
electrolyzers or as retrofits to existing electrolyzers. Fuel cells would be intended for 
external generation of recoverable energy, and they would be an adjunct to electrolytic 
cell lines. The two processes are treated below in Section 17.2.2. Section 9,2.2.2B also 
discussed some of the practical problems of application. Neither of these technologies 
has yet had a major impact on the chlor-alkali industry. However, further optimization 
of conventional membrane-cell design offers little in the way of reducing energy con¬ 
sumption, and these two options are an area of research that may lead to the next major 
improvement. 


17,2.L Increased Current Density 

For some years, the current density of membrane cells was limited to about 4kAm“^. 
This was fixed in part by the limited capability of composite membranes to pass high 
current without undue loss of operating life or performance. Each element of a composite 
membrane has its own characteristics for transport of the various species that pass through 
the membrane. The imbalances in transport rates grow as current density increases and 
create internal stresses that can eventually damage the membrane. With limitations placed 
on the membranes, cell hardware could be designed for current densities in the same 
range. With recent improvements, it has become possible to operate at higher current 
densities. At the same time, the resistivity of membranes has decreased, reducing the 
voltage penalty of operation at an increased current density. This shifts the economic 
optimum in the direction of a higher current density [1]. Many plants report operation at 
5 or 6 kA m”^, and cell hardware is being designed for 8 kA m“^ and more. This change, 
as explained in Chapter 5, favors bipolar electrolyzer designs over monopolar. The reason 
for this is the increasing difficulty and expense of providing enough conductor to carry 
current between the edges of the individual cells and the next elements in the monopolar 
cell line. 

The higher current densities involve the expenditure of more energy than would be 
required if cell loads were kept lower. At lower amperage, the advances in membrane cell 
design and construction would be seen in lower power costs, but the user would forego 
the potentially lower capital cost. The direction in which the industry is now moving is 
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reminiscent of the developments in mercury-cell technology. Collins and Entwisle [2] 
reported on the evolution of the mercury cell over the course of nearly 100 years. Changes 
in the unit energy consumption at plant operating conditions were modest. Changes in 
cell configuration and operating current density were large. Cell areas increased by a 
factor of 30-40 and the slopes of cell bottoms by a factor of 10. Operating A:-factors were 
lowered by a factor of 10-20. In other words, the industry’s response to economic reality 
was primarily to use the improvements in technology to increase the productivity of the 
cells rather than to reduce their energy consumption. One reason for this is probably the 
influence of the decomposition potential on the mathematics of cell improvement. On a 
plot of operating voltage vs current density, assume a constant intercept but a reduction 
in A:-factor (the slope of the line). Fig. 17.1 illustrates the situation. The starting point is 
Vi and Ii on the upper curve. If the A:-factor improves to give the lower curve, the limiting 
choices are to maintain the amperage and reduce the voltage to V 2 and to increase the 
amperage to I 2 while holding the original voltage. Consider the latter situation first. The 
original operating characteristic shows that 

Vi=a-^kih ( 1 ) 

When the A:-factor decreases from ki to A:2» 

Vi = a + k 2 h (2) 

Setting K =k\/k 2 ,^^ have 

h/h = ^ (3) 

The available increase in operating amperage is inversely proportional to the decrease in 
the ^-factor. With the 10-fold improvement in the mercury-cell A:-factor referred to above. 



Current Density 


FIGURE 17.1. Options with reduced ^-factor. 
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productivity could be improved by a factor of 10 without increasing the cell voltage. In 
the real case, nonlinearity might limit the increase, but there were also improvements in 
electrode overvoltages that would tend to permit higher amperages. 

Now if the improved A:-factor were used instead to reduce energy consumption, we 
would move to a different operating point: 


V2=a + k2h (4) 

Combining this with Eq. (1) and the definition of /r, we have 

V2 = (lA)Vi + (l-l//c)a (5) 

Eliminating the second term on the right-hand side of Eq. (5) would give an improve¬ 
ment proportional to the reduction in the ^-factor. This would be analogous to Eq. (3). 
Since k the second term is positive and increases Vi- Its existence means that the 
improvement in voltage is less than proportional to the -factor change, and the depar¬ 
ture increases as a becomes greater in proportion to the voltage Vi. The changes that a 
reduced /^-factor allows in operating voltage or energy consumption are, therefore, less 
impressive than the possible changes in operating amperage, and this may help to explain 
the trends noted above. 


77.2.2. Depolarized Cathodes and Fuel Cells 

17.2,2.1. Overview. The electrochemistry of oxygen is directly relevant to fuel-cell tech¬ 
nology [3,4]. Reduction of oxygen takes place in both acidic and alkaline aqueous 
solutions: 


02 + 4H++4e^2H20 (6) 

O 2 + 2 H 2 O + 4e 40H“ (7) 

The standard potential of reaction (6), which takes place in acid solutions, is 1.23 V vs. 
standard hydrogen electrode (SHE). Reaction (7), in alkaline solutions, has a potential 
of 0.40 V vs. SHE. Both reactions are 1.23 V positive to the reversible potential of the 
hydrogen evolution reaction (HER) in the respective media. Therefore, the theoretical 
decomposition voltages of certain electrochemical processes can be reduced by 1.23 V 
if an oxygen-consuming cathode is substituted for the conventional hydrogen-evolving 
type. Examples of these processes [5] are: 

1. metal-air primary and secondary cells 

2. diaphragm- and membrane-type chlor-alkali cells 

3. amalgam decomposers 

4. HCl electrolyzers 

5. chlorate cells 

6. perchlorate cells 

7. oxygen concentrators 
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In a chlor-alkali cell, this reduction in voltage would translate into an energy saving of 
more than 900kWhrt“^ of chlorine. 


17.2.2.2. Oxygen-Depolarized Cathodes for Chlor-Alkali Cells. The reversible poten¬ 
tial for the oxygen reduction reaction in alkaline solution (Eq. 7) is positive as measured 
against the SHE. However, the oxygen cathode exhibits large overvoltages under the 
operating conditions of chlor-alkali cells. These are due to the low rate constant of 
reaction (7) and low concentrations of dissolved oxygen near the cathode. Overcoming 
these factors required the development of high-surface area electrodes to promote the 
rate of oxygen reduction, which takes place in a three-phase region in a porous matrix. 
Figure 17.2 is a schematic of a membrane cell operating with an oxygen-depolarized 
cathode, also termed a “gas-diffusion electrode” (GDE). 

The anode reaction is the same as in a conventional chlor-alkali cell, and anode- 
side components can be used without modification. At the cathode, oxygen is reduced 
to OH” ions, which combine with the sodium or potassium ions that travel through 
the membrane to form the alkali product. The oxygen consumed in this reaction enters 
the air-cathode compartment either as water-saturated oxygen or as air. The advantages 
of the oxygen reduction reaction include avoidance of costly downstream treatment of 
hydrogen and absence of the gas void fraction in the catholyte, resulting in a smaller 
ohmic drop in the cell. When air is the source of oxygen, however, this scheme requires 
a high-performance scrubbing system to remove all carbon dioxide from the air in 
order to protect the cathode from the accumulation of sodium carbonate and consequent 
premature failure. 

Modem discussions of the development and demonstration of air cathodes for 
chlorine production date back at least to 1979. LaConti [6] described the principles of 
operation, with an emphasis on fuel-cell applications. Coker [7] disclosed the operation 
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FIGURE 17.2. Membrane cell with gas-diffusion electrode. (With permission of Uhde GmbH.) 
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of a cell using solid polymer electrolyte technology. This cell achieved a reduction of 
0.6-0.8 V at 3 kA m“^. Case Western Reserve University and Diamond Shamrock Cor¬ 
poration [7-9] then developed a pilot chlorine cell employing an air cathode. The cathode 
operated at a potential of 600 mV vs. the reversible hydrogen electrode (RHE) in the 
same solution at 3.1 kAm“^. This is 0.85 V less than a hydrogen-evolving cathode at 
the same current density. The cell operated at about 2.1V; the energy consumption was 
1,450 kW hr t“^ of NaOH. The first attempted industrial application (in an HCl electro¬ 
lyzer) used first-generation membranes and solid-polymer electrolytes [10]. Problems 
with stability and performance of the cathodes prevented their wide adoption. These tech¬ 
nologies were not actively developed at the time, as they would have been too expensive 
to commercialize at prevailing US power costs. 

The Japan Soda Industry Association (JSIA) began further development of oxygen 
cathodes in 1994 [11]. Their focus was on development of cathode materials, the structure 
of the oxygen cathode, life testing in cells of various types and sizes, and scale-up 
procedures. 

In this work, a porous carbon cathode doped with a platinum catalyst was found to 
be active for the oxygen reduction reaction in a laboratory cell, but its activity deteri¬ 
orated after 350 days because of oxidation of carbon by the intermediates generated 
during the oxygen reduction reaction [12]. The JSIA then developed a cathode material 
activated with silver that has the same voltage characteristics as a Pt-coated cathode. 
The cathode material consists of a porous nickel support, coated with hydrophobic and 
hydrophilic carbon layers, which is activated with a silver catalyst at a loading of about 
3mgcm“^ [13-16]. A laboratory cell (10 x 10 cm^) with a silver-activated cathode, 
operating at 3.0kAm“^ in 32% NaOH at 80®C, ran at constant voltage for over 1,100 
days. A conventional Pt-loaded cathode, for comparison, lasted 350 days [17]. Table 17.1 
provides an example of the voltage balance of a cell with an oxygen cathode containing 
a silver catalyst [18]. A liquid-permeable oxygen cathode for a zero-gap cell also has 
been investigated [19], and its configuration is shown in Fig. 17.3. A test cell operated 
for more than 3 years at 2.0 V at 3 kA m“^ and 90®C. 


TABLE 17.1. Component Voltages of an 
Air-Cathode Cell 


Component 

Voltage 

Decomposition voltage 

1.02 

Cathode overvoltage 

0.46 

Anode overvoltage 

0.06 

Ohmic drop across membrane 

0.28 

Ohmic drop across cathode 

0.06 

Others 

0.08 

Total cell voltage 

1.96 


Note: Cathode: Ag-loaded oxygen cathode. Cell height: 120 era. 
Anode: DSA. Membrane: Flemion 893. Catholyte gap: 2 mm. 
Anolyte: 200-210 gpl NaCl. Catholyte: 32-33% NaOH. 

Current density: 3 kA m”^. Temperature: 87°C. 
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Even more recently, European work has led to significant advances in the scaleup 
of air cathodes, with pilot electrolyzers operating at less than 2.5 V at a current density 
of 6kAm“^ [20]. With full-sized cathodes, there is a fundamental issue of adjusting 
the local differential pressure between the caustic and the oxygen compartment on the 
other side of the electrode. Because of the porous nature of the GDE, a pressure balance 
across the electrode must be established in order to avoid excessive flow from one side 
to the other. As shown in Fig. 17.4, there is a restricted range of differential pressure 
within which the electrode works properly. This new set of constraints has required new 
developments in electrode structure and fabrication [21]. 

Because of the different densities of the fluids, the local differential pressure is a 
function of height and can be made small either of two ways. The first involves splitting 
the cathode compartment into several horizontal compartments, called gas pockets, in 
which the height of each sub-compartment limits the hydrostatic pressure of the caustic 
to a tolerable value. The lean caustic flows through the pockets successively, by over¬ 
flowing from one pocket to the next one below. This gas-pocket principle (Fig. 17.5) 
is being tested by the Bayer AG group [22]. A second approach to the problem is the 
falling-film principle (Fig. 17.6), initiated by the Hoechst group in the 1980s [23-24] but 
presently continued by Uhde [25]. The idea here is to decrease the hydrostatic pressure 
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FIGURE 17.4. Diiferential pressure over a porous GDE-type electrode. (With permission of Uhde GmbH.) 



NaOH NaOH 

FIGURE 17.5. Gas-pocket-type GDE element. (With permission of Uhde GmbH.) 


of the caustic by establishing a falling film of caustic between the electrode and the mem¬ 
brane. This is realized by creating a hydrophilic layer between the anode and cathode. 
This design ensures a constant gap between the GDE and the membrane. Because of 
electroosmotic water transport from the anolyte, the caustic flow increases from the 
top to the bottom of the cell. Design of the hydrophilic layer must prevent too high a 
flow in order to avoid flooding of the GDE and breakthrough of caustic into the oxygen 
compartment. 
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FIGURE 17.6. Falling-film type GDE element. (With permission of Uhde GmbH.) 


Commercial operation of a plant for the electrolysis of HCl using depolarized cath¬ 
odes is now underway [26]. There are plans to expand the capacity to 20,000 tons per 
year of chlorine. 


77.2.2.3. Fuel Cells, A hydrogen fuel cell is an electrochemical system in which the 
free-energy change of the reaction: 

2H2(g)+ 02 (g) ^H20(1) 

is converted into electrical energy. Fuel cells have several advantages over more conven¬ 
tional energy-conversion processes, the primary one being the lack of Carnot limitations. 
High energy efficiencies can be achieved with the fuel cell operating not only as an 
energy-producing device but also as a source of heat (via ohmic and overpotential losses). 
Other advantages include: 

1. simpler operation than other energy-conversion devices 

2. clean, quiet operation 

3. operation over wide temperature ranges 
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4. siting flexibility, because of modularity in design 

5. ability to operate with a variety of fuels 

Development of fuel cells accelerated with the energy crisis of the 1970s. The fuels used 
most frequently are hydrogen, hydrocarbons, and alcohols. Normally, hydrogen is not 
a primary fuel but is produced from the others and used primarily in low-temperature 
cells. Table 17.2 describes the characteristics of the most important types, and Table 17.3 
summarizes their current status [27]. Figure 17.7 shows their potential-current density 
behavior [28]. 

The PEMFC (see Table 17.2 for identification) has the greatest potential to reach 
high power densities. DMFCs suffer from the high activation potential of the cathodic 
reduction of oxygen and anodic oxidation of methanol. MCFCs operate at 650°C and 
SOFCs at lOOO^C, their electrolytes being, respectively, molten carbonates and solid 
metal oxides. Their activation overpotentials are small, but ohmic overpotentials at the 


TABLE 17.2. Essential Characteristics of Fuel Cells 


Type of celH 

PEMFC 

DMFC 

AFC 

PAFC 

MCFC 

SOFC 

Electrolyte 

Membrane 

Membrane 

KOH (8-12N) 

H 3 PO 4 

Carbonate 

(Li,Na,K) 

Zr02-Y203 

Temperature 

50-90°C 

50-90°C 

50-250°C 

180-200°C 

650°C 

750-1050°C 

Charge carrier 

H+ 

H+ 

OH“ 

H+ 

CO^“ 


Electrocatalyst 

Pt, Pt alloy 

Pt-Ru 
anode; Pt or 
Pt alloy 
cathode 

Pt, Pt alloy, or 
Ni/NiO;c anode; 
Au, Au alloy, or 
Ag cathode 

Pt anode, 

Pt—Co—Cr 
cathode 

Ni/LiNiO;c 

Ni anode, 
Sr-doped 
LaMnOs 
cathode 

Fuel 

H 2 

CH 3 OH 

H 2 

H 2 (reformed) 



Poisons 

10 ppm CO 

Adsorbed 

intermedi¬ 

ates 

CO, CO 2 

l%CO; 

50ppmH2S 

0.5 ppm H 2 S 

1 ppm H 2 S 

Applications 

3,4,5,7, 8 

3,4 

7,9 

1,2,3 

1,2 

1,2,6 


Note: <*“FC” in all types denotes “fuel cell.” PEM: proton exchange membrane; DM: direct methanol; A: alkaline; PA: phos¬ 
phoric acid; MC: molten carbonate; SO: solid oxide. 

Key to applications: 1—power generation; 2—cogeneration; 3—^transportation; 4—^portable; 5—^residential; 6—^hybrids 
with gas turbines; 7—space; 8—defense; 9—^regenerative energy storage coupled with renewable energy system (wind, 
photovoltaic, etc.). 


TABLE 17.3. Status of Fuel Cell Technologies 


Type of cell 

kW 

Fuel efficiency % 

kWm -2 

Life, k hr 

Cost,$kW-‘ 

PEMFC 

0 . 1-200 

40-50 

5-10 

10-100 

50-2,000 

DMFC 

0 . 1-10 

30-45 

0.5-2 

1-10 

1,000 

AFC 

20-100 

65 

2.5^ 

3-10 

1,000 

PAFC 

20 - 10,000 

40-45 

2-3 

30-40 

200-3,000 

MCFC 

100-5,000 

50-55 

1.5-3 

10-40 

1,250 

SOFC 

25-5,000 

50430 

2-A 

8^0 

1,500 


Note: See footnote to Table 17.2 for identifications. 
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FIGURE 17.7. Cell voltage vs current density for typical fuel cells. (Courtesy of Dr. S. Srinivasan.) 


oxygen electrode appear to decrease the output voltages. Both DMFCs and PEMFCs use 
perfiuorosulfonic acid membranes. These membranes dehydrate above 100°C. PAFCs 
use concentrated phosphoric acid as the electrolyte. The operating temperature is chosen 
to maximize the conductivity. The operating temperature of an AFC depends on the 
concentration of KOH chosen as the electrolyte. 

Fuel cells are no longer a laboratory curiosity. Self-contained stationary power 
plants generating from several hundred kilowatts up to 1-2 MW have operated for a 
number of years. Tests are underway worldwide, and R&D efforts are aimed at reducing 
costs to match the competing technologies. Hydrogen-based fuel cells for automobiles 
are also in an advanced stage of development. There is already a pilot project in place in 
Japan [29] with a number of refueling stations around Tokyo. Some of the goals of this 
program are to have 50,000 fuel cell vehicles on the road by 2010 and 5 million by 2020. 

The driving force for the development of fuel cells is primarily their potential use in 
power generation. In the chlor-alkali industry, the greatest interest in fuel cells is in their 
integration with the electrolysis plant. Fuel cells producing power from the hydrogen 
generated in the electrolytic cells would represent an upgrade for many plants that now 
use their hydrogen as fuel in steam boilers. Therefore, development work within the 
industry has concentrated on fuel cells amenable to this application. 

There is a growing literature on fuel cell applications. This includes a number of 
useful general summaries [30-32]. 


17,2,3. Membranes 

17.2,3.1. High Caustic Concentration. Early membranes operated at low caustic con¬ 
centrations, and a number of commercial plants have produced NaOH at about 20%. 
Today’s membranes operate at 30-35% NaOH. This has been the situation for many 
years now. There have been attempts to develop membranes that operate efficiently at 
higher caustic concentrations, but none has had wide commercial application. One goal 
in this development work must be a membrane that can produce commercial caustic 
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(48-50% NaOH) directly in the cell. This would eliminate the need for evaporation. The 
savings are obvious, but one should note that the energy required for electrolysis must 
increase at high concentrations. The reversible potential in 50% NaOH is about 0.15 V 
greater than it is in 33% NaOH. This alone adds more than lOOkWhrf^ to the DC 
energy consumption. 

Brandt [33] reviewed the technology available in 1989 and concluded that high- 
strength operation was uneconomical. A cost structure in which steam carried a higher 
value than electricity would favor this approach, but there were more examples of the 
opposite situation where electricity carried an unusually high premium. 

Still, one may expect continued developments in membrane technology, and the 
future may see more plants without evaporation systems. We should note that it is not 
essential to produce full-strength caustic directly in the cells. The heat contained in the 
liquor can be used in an isenthalpic flash under vacuum to remove some of the water 
from the solution. 


17.23.2, Impurity-Resistant Membranes. Section 4.8 discusses two fundamental issues 
related to membranes, the possibility of achieving nearly 100% current efficiency and 
the development of impurity-resistant membranes. Total rejection of the hydroxyl ion by 
the membrane is possible if the only anode reaction is the discharge of the chloride ion. 
However, if oxygen evolution, which is favored thermodynamically, also takes place, 
the principle of electroneutrality makes it impossible for the membrane to exclude the 
back-migration of the hydroxyl ion. 

All membrane manufacturers have research programs in these areas, and some of 
the concepts are being field tested. We have already referred to membranes that are 
resistant to the effects of iodine (Section 4.8.5). Asahi Glass has developed AG 8020 
that has operated for over a year in the presence of iodide without a loss of efficiency [34]. 
Asahi Kasei’s F-4401 was reported immune to iodide for 2 years [35]. DuPont’s NE2010 
is reported to have significantly enhanced resistance to nickel, silica, and iodide in plant 
environments for over 3 years [36]. 

While none of the membrane suppliers has provided technical details on the com¬ 
position or structure of these membranes, we can expect interest to remain high and to 
bring about more developments. 


17.3. AUXILIARY OPERATIONS 

The important supplies to the cells from outside the electrolysis area are brine and 
electrical energy. The most basic operations in brine treatment are those of precipitating 
impurities and removing the resulting suspended particles. New filters are available that 
give improved performance (Section 9.4.4.3) and offer the promise of one-step removal 
of suspended solids. Section 17.3.1 describes these. 

When it comes to rectification of an electrical signal for supply of direct current to 
the cells, thyristors are generally the preferred devices (Section 10.3.1.2). One of their 
deficiencies is a low power factor, particularly when operating well below the design 
current. New devices for reconfiguring DC signals (DC choppers) can overcome this 
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problem, and their use seems particularly attractive when combined with inexpensive, 
uncontrolled diode rectifiers. Section 17.3,2 discusses this subject. 


17.3.1. Back-Pulse Filtration 

General membrane technology, like the ion-exchange membrane technology that applies 
to electrolysis, is a rapidly advancing field. If we also look at non-ionic membranes as 
filters, in the very broadest sense, meuiy new applications are becoming practical. An 
important example of membrane technology throughout industry, and in its own right 
as a source of potable water, is reverse osmosis (RO). This functions by applying to 
a solution, usually a source of contaminated water, a pressure greater than its osmotic 
pressure. The differential pressure forces purified water to flow from the solution through 
the membrane. Drinking water can be recovered from brackish water or seawater, and RO 
now competes in large commercial systems with processes based on the vaporization of 
water from solutions. Many plants also produce process utility water from raw supplies. 
Recyclable solutions can also be recovered from plant wastes, leaving a smaller volume 
of concentrated waste for treatment or disposal. RO is a more powerful technique than the 
allied process of ultrafiltration (UF), which removes very fine particles but not solutes. 
Section 7.5.7.2A also introduced the application of nanofiltration for the removal of 
certain dissolved solids from brine. 

What all of these have in common is their ability to remove or separate species on 
the basis of size. UF can remove fine particles and colloids; RO can remove all ionic 
species from water; nanofiltration, being an intermediate process, actually distinguishes 
between ions of different size. It is the ability to manufacture materials not only with very 
fine pores but also with closely controlled pore size and narrow pore size distribution 
that has made all these processes commercially feasible. Table 7.24 shows the spectrum 
of applications. Nanofiltration is the newest application in the chlor-alkali field. We can 
expect the number of membrane-based installations to continue to grow. 

The great appeal of membrane filtration in brine processing is in the ordin¬ 
ary filtration of suspended solids resulting from chemical treatment of the raw brine. 
Sections 7.5.3 and 7.5.4 describe clarification of the brine by gravity settling followed 
by two stages of filtration to remove the residual solids from the clarifier overflow. This is 
a complex and expensive process, sometimes prone to operating upsets, with the appar¬ 
ently simple objective of removing precipitated impurities. Ideally, one would prefer a 
more straightforward approach in which a single process unit would accomplish the goal. 

Preventing this is the characteristic problem with equipment that necessarily 
becomes fouled or somehow deactivated during operation. The considerable length of 
time required for regeneration makes it necessary to allow for a nonoperating unit that 
is in the regenerative mode. The service time in most commercially attractive processes 
is comfortably more than the regeneration time, and under reasonable circumstances 
regeneration is complete and the regenerated unit ready for reuse when called upon. 
Chlor-alkali brine filters (Section 7.5.4) and ion exchangers (Section 7.5.5) fall into this 
category. 

When the regeneration time becomes a very small fraction of the operating time, 
a different approach becomes possible. A slight increase in design capability and enough 
storage to acconunodate the downtime allow one to avoid the cost of a standby unit and 
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design a system with operating units only. Carbon-bed secondary dechlorination units 
(Section 7.5.9.3B) are an example of this approach. 

Now consider the filtration process. Typical “sand” filters (Section 7.5.4,1) cannot 
produce brine of membrane-cell quality. The use of some type of cake filter is normally 
considered necessary as a polishing step (Section 7.5.4.2). Because the pores in the 
typical filter are not uniformly smaller than all the particles suspended in the brine, 
filter aids become necessary. These provide a better surface for filtration and reduce the 
compressibility of the filter cake. 

The root cause of all these complications is the incompatibility between the particles 
and the filtering surface. Some of the particles are quite small, and the sizes of the 
openings in the normal filtering medium are quite variable. The particle-size distribution 
of the solids overlaps with the hole-size distribution of the filtering medium, and the finest 
particles are not captured. To provide a standard medium with a maximum opening small 
enough to capture all the particles is an impractical goal. The permeability of the medium 
would be very low and the pressure drop very high. Pressure drop and surface tension 
effects would rapidly get out of hand with such small openings. This situation is relieved 
when the openings in the filter medium become more uniform. Ultimately, one could 
achieve high porosity, and thus high productivity, in a unit that was able to remove the 
finest particles. 

Raimer [37] has described such a unit. His filter medium is a membrane of expanded 
polytetrafluoroethylene (e-PTFE). This provides a high open area with very fine openings 
in the cloth. The fine structure provides true surface filtration. The particles removed 
from the fluid stay on the surface and do not penetrate the structure of the cloth. This is in 
contrast to the standard filter, where the nonuniform surface and relatively large openings 
allow penetration and, until a good filter cake is established, leakage of solids. Therefore, 
the membrane filter does not normally require precoating and is able to produce clear 
filtrate almost immediately, without the need to recycle filtrate until clarity improves. 

The preferred arrangement is filter candles suspended from a tube sheet in a vertical 
pressure vessel. The operating cycle comprises filling the tank, filtration, removal of 
filtered solids from the surface (the back pulse), settling of the solids, and discharge. The 
vessel is first filled with pretreated brine to a preset level. Flow then begins, from the 
outside of the filter candles. The operation is usually at a constant flow rate, with operating 
pressure increasing as solids deposit on the candles. The filtration step continues until a 
timer or a differential pressure switch intervenes. The backwashing step that follows is 
the distinguishing feature of these filters. The facts that the solids have not penetrated the 
filter cloth and that the low-energy PTFE surface releases them readily make it possible 
to remove the deposit quickly and easily. First, some of the unfiltered brine is drained 
from the “dirty side” below the tube sheet. This provides room for expansion. After the 
vessel is vented, a pulse of low-pressure air (0.3 bar) enters the dome and forces filtrate 
back down through the filter elements. This expands the cloth, cracks the cake, and 
releases the solids. It then takes some time for the solids to settle into the lower chamber 
of the filter vessel. This chamber is usually a conical section below the slurry feed point. 
It can collect solids for some number of filtration cycles, so that it is not necessary to 
drain the vessel every time. 

Backpulse filtration is applicable to all the main electrolytic processes [38], and it 
has begun to find wide use in the chlor-alkali industry. This trend should continue. 
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1732. DC Power Supply 

Section 8.3.1.2A covered the various types of rectifying devices that have been used 
and mentioned that thyristors are the type favored in modem chlor-alkali plants. 
Section 8.3.1.3A then showed that thyristors tend to generate more harmonic distortion 
than diodes. This difference is greatest when the firing angles are high, which corres¬ 
ponds to greater turndown in output. Thyristor-based rectifiers therefore suffer from low 
power factors and even greater generation of harmonics at low operating rates. 

The distortion of the output waveform in a thyristor-based system is therefore at 
least as great as the distortion caused by a diode system. Fortunately, the reactive power 
compensation that accompanies most large rectifier installations also tends to absorb 
some of the harmonics. Configuring the added capacitance as a harmonic filter therefore 
offsets some of the loss. 

Still, the poor power factor and harmonic distortion of thyristor and, sometimes, 
standard diode rectifiers do have their costs. This situation could lead to future use of 
rectifiers that use pulse-width modulated or multi-level converters. More recent semicon¬ 
ductor devices such as gate turn-off thyristors (GTOs), insulated gate bipolar transistors 
(IGBTs), and integrated gate commutated thyristors (IGCTs) have resulted in major 
changes in other fields of electrical engineering (e.g., in variable-speed drives). 

As rectifying elements, these devices offer more modes of control than do the older 
types. The standard diode is a passive device that passes current only (but always) when 
exposed to voltage of a certain polarity. It filters out the negative components of an AC 
supply. The standard thyristor rectifier, in contrast, passes no current until it is activated. 
Current flow continues until the voltage is removed or the polarity is reversed. In the next 
cycle of current, the device must be activated again. The newer semiconductor devices can 
also be “turned off,” opening more possibilities for management of the output. They can 
be used, for example, to modulate a DC waveform. This is the basis of the so-called DC 
chopper rectifier. Direct current signals with reasonable characteristics can be altered to 
fit the requirements of a cell line. Because of this characteristic, an efficient combination 
for rectifying an AC signal is an unregulated diode rectifier followed by a DC chopper. 
The combination relieves the problems with power factors and harmonics are relieved. 

Choppers may not yet be competitive economically with thyristors and diodes for 
new high-power rectifiers. In projects involving modifications to existing rectifiers in 
good condition, however, the situation changes. The existing rectifiers may have the 
wrong voltage and current ratings for the proposed new duty (e.g., a chlor-alkali replace¬ 
ment line). The use of enhanced semiconductor devices in a DC-to-DC converter, or a 
DC chopper, may then be economically sound [39]. An (existing) diode rectifier is used 
to convert AC to DC without control, followed by conversion to a higher or lower voltage 
DC supply by the DC chopper. The result is a system with high efficiency, high power 
factor, and much less generation of harmonics. The combination discussed here might 
retain its high power factor down to about 15% of design kW load. A typical thyristor 
might have a power factor of only 80% when operating at a 50% of design load. 

Another advantage of thyristors over simple diodes is their faster control action. 
This gives more protection against transient surges in current. Control still requires 
completion of an electrical cycle before the supply can be interrupted. Response time 
is measured in tens of milliseconds. Therefore, thyristors are not able to eliminate very 
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rapid transients and so allow them to propagate until the next commutation. Chopper 
devices with their turn-off feature can be interrupted even during an electrical cycle. 
The higher switching frequency that is possible with choppers permits extremely fast 
shutdowns. The time required typically is about 50 |xs. 

Popp and Tomas [40] made a direct comparison of the performance of standard 
thyristors and choppers. The application chosen for study was a graphite furnace. This is 
a difficult application, with the load impedance subject to very sudden changes. The fast 
response of the chopper system met the requirements of the furnace with less dynamic 
deviation than did the thyristor system. The chopper also provided a constant power 
factor, easier control of harmonics, and less ripple. 


17.4. CHLORINE PROCESSING 

17,4.1. Integrated Production of Ethylene Dichloride 

With PVC consuming higher percentages of the chlorine made, production of ethylene 
dichloride (EDC) has become the major outlet. More and more, the production of chlor¬ 
ine and EDC has become integrated, and this has certain advantages [41]. One such 
derives from the increasing importance of EDC as an item of commerce. Chlorine can 
be produced where power costs are low, and it can be conveniently and safely exported 
in the form of EDC for conversion to vinyl chloride monomer (VCM) and PVC. A major 
process advantage is the ability to use gaseous chlorine directly, without the expense of 
liquefaction. 

Section 9.1.7.2A discussed the steadily increasing difficulty of recovering more 
chlorine from process gas by liquefaction. Each increment of chlorine condensed 
requires more severe conditions than the previous one. This is caused by the presence 
of noncondensables. As chlorine condenses, the total partial pressure of the noncon¬ 
densables increases and that of chlorine drops. Continuing liquefaction then, according 
to Eq. (9.51), demands some combination of higher pressure and lower temperature. 
Section 9.1.9.1 explained the shift away from final recovery by absorption to higher 
severity liquefaction, where the marginal effect is greatest. This increases the incentive 
to use some of the chlorine directly as gas. 

A disadvantage of separating EDC and VCM production geographically is that 
balanced oxychlorination (Section 15.2.1.2) with consumption of the byproduct HCl is 
no longer possible (or at least requires more complex arrangements). The HCl is released 
at the site that produces VCM, where the EDC is decomposed. The acid can no longer 
easily be recycled to the ethylene chlorination process, and some other outlet must be 
found. 


17.4.2. Chlorine Recovery 

The discussion of liquefaction of chlorine (Section 9.1.7.2B) also pointed out that new 
systems operate on refrigerants other than the CFCs that were the industry standard for 
many years. Many existing systems have also been converted to the newer materials. 
HCFCs, such as R-22, have much lower ozone depletion potentials than the CFCs but 
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are themselves subject to phaseout a$ newer types are developed. Ahmed [42] points 
out that many refrigerant users adopt the alternative of changing their manufacturing 
processes to eliminate or reduce the amount or levels of refrigeration required. With 
the move to enhanced liquefaction and the removal of CCI 4 absorption systems from 
operation, the trend in the chlorine industry has been counter to this. Therefore, there is 
a growing potential for the introduction of new processes. 

The use of other types of separation processes reduces the need for high-severity 
liquefaction and so reduces the energy consumed in that process. Absorption is such a 
process, and the advent of a process based on a solvent other than CCI 4 would be a positive 
development here. We have already discussed the use of chloroform. This is a simple 
replacement that requires little change in operation. One of its drawbacks is the fact that 
it is more volatile than NCI 3 , making it possible for the solvent to evaporate or weather 
away from the hazardous compound. Other solvents with higher boiling points have also 
been considered. These require higher operating temperatures and tend to increase the 
heat load on a continuously operating system. Simple retrofits are no longer possible. 
Other problems also may arise when considering solvents that are not fully saturated and 
chlorinated. For example, both the unsaturated perchloroethylene and the hydrogenated 
EDC can form C 2 CI 6 when exposed to chlorine in the plant. This compound has a high 
melting point, subliming at 185°C, and can deposit in the equipment. The tabulation 
that follows gives a qualitative comparison of the problems encountered with solvents 
of different volatilities. 


Boiling 

point 

Ease of 
retrofit 

Vent 

losses 

Possibility 

ofNCls 

accumulation 

Reboiler 

temperature 

Reboiler 
heat load 

Low 

High 

High 

Low 

High 

Low 

High 

Low 

Low 

High 

High 

Low 


Silver [43] reviewed a number of other processes for application to plant tail gas. 
More recently, gas-diffusion membranes have found a number of applications in pro¬ 
cess industries [44]. They have not been applied commercially to chlorine recovery, 
but Lokhandwala et al. [45] have published the results of laboratory investigations. 
O’Brien [46] studied the possibility of applying these results to the upgrading of chlor¬ 
ine gas for EDC production and to the use of membranes as an adjunct to a liquefaction 
process. For very high recovery, the latter included a third stage of liquefaction, with the 
offgas sent through membrane permeators and the recovered gas compressed for recycle 
to the third stage. This promises to save energy in the final stage and to eliminate the 
need for operation at very low temperature. The latter effect reduces the concentration 
of dissolved inerts at any given degree of recovery of chlorine. 

A promising approach to selective recovery of chlorine from the inerts in the vent 
gas is to electrochemically reduce chlorine to chloride at the cathode and oxidize the 
ion to chlorine at the anode. The selectivity arises because of the fast kinetics of the 
chlorine reduction reaction compared to that of the oxygen and carbon dioxide reduction 



1480 


CHAPTER 17 


reactions. This cell will operate at a low voltage because of the small overpotentials for 
the chlorine reduction and chloride oxidation reactions on noble metal surfaces. 

Laboratory studies have shown the viability of the concept [47,48], but commercial 
tests have yet to demonstrate the practicality of this approach. 


17.5. SPECULATIONS 
17.5.1. Improved Electrodes 

Beer’s development of the dimensionally stable anode revolutionized the industry with 
its energy savings and the ability to operate economically at high current densities (now 
>5 kA m“^ with membrane cells and > 10 kA m”^ with mercury cells). Motivated by the 
success of DSA anodes, there has been significant activity to continue improvement of 
the anodes, develop activated cathode coatings for diaphragm and membrane cells, and 
understand the electrocatalytic factors in the hydrogen and chlorine evolution processes. 
It would seem that developments in the following areas would lead to greater energy 
savings and ease of operation. 

1. Low-oxygen anodes. Presently, anodes generate 1-2% oxygen, and this can 
be reduced at low anolyte pH (>2). It is theoretically possible to reduce the amount of 
oxygen generated at a pH of 3^, without addition of acid to the feed brine, if the exchange 
current density for the oxygen-evolution reaction can be suppressed by proper selection 
of the anode catalyst (Section 4.5). This is not an easy task, as our present understanding 
of electrocatalysis does not permit accurate prediction of catalytic behavior. Fundamental 
study in this field may allow us to achieve this goal in the future. 

2. Impurity-resistant activated cathodes. As discussed in Section 4.6, the strategy to 
reduce sensitivity to impurities has been to provide enough surface area that the deposited 
or adsorbed impurities do not affect the HER. If the coating had sites that would negate 
the effects of these impurities, it would be possible to operate high-surface area cathodes 
for long periods without the effects of poisoning. 

3. Hypochlorite-resistant cathodes. Commercialization of activated cathodes for 
diaphragm cells has been hampered because hypochlorite corrodes steel under open- 
circuit conditions (Section 4.6). In the process, the coating spalls off or loses its activity. 
Development of resistant coatings for steel or other substrates could render the cathode 
immune during shutdowns. 

The three improvements noted here are ideals that are not easily reached. One may argue 
that the problems fundamentally are not completely solvable. However, the tools for 
addressing the problems may become available as our knowledge base expands. 


17.5.2. Operation under Pressure 

In their design, membrane electrolyzers are, in general, more amenable than the other 
types to pressure operation. Certain types of membrane cell routinely run under modest 
pressure, but even in this case, most plants drop the pressure to nearly atmospheric 
before processing the gases. Conventional design of the wet end of a chlorine train and 
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the operating/monitoring philosophy of a cell room today are very much oriented toward 
atmospheric pressure operation. There is good reason for this, and while the purpose of 
this section is to consider the positive aspects of pressure, it would be well to list some 
of its disadvantages. 

In the gas processing plant, the various techniques named below might be replaced 
by other, more attractive options. The advantages to be gained are still reasonably pre¬ 
dictable and well founded. While most membrane cells now operate close to atmospheric 
pressure, it is also true that some are designed to withstand certain amounts of pressure. 
Most of the components, moreover, are easily adapted to pressure operation. An arbit¬ 
rary goal of 10 atm is beyond the limits of any design known to the authors. However, 
there is no fundamental reason to restrict the design to very low pressures, and the level 
chosen here remains arbitrary. We shall regard mechanical design for pressure operation 
as a problem that would be solved when the incentive appeared. In and around the cells, 
however, there are several fundamental problems that would need attention: 

1. Simultaneously maintaining essentially equal pressures along both chlorine and 
hydrogen headers, keeping the differential pressure across membranes at currently spe¬ 
cified levels, and operating cells at high pressure may be impracticable. Adding gas 
pressure controllers and valves at each electrolyzer would relieve the need to make 
header pressure drop negligible. This would be an expensive proposition, especially in a 
monopolar circuit. An offsetting advantage would be the ability to use smaller headers 
(titanium in the case of chlorine), thus reducing the inventory of gases. 

2. Membranes must be held against the anodes and not allowed to flutter. The 
latter requirement is one reason for the tight specification on differential pressure. With 
good support in a cell operating under substantial pressure, it might be possible to 
maintain membrane position without excessive flutter by allowing a greater differential 
pressure. At the same time, one would have to avoid excessive distortion of the membrane 
and gradual deformation by extrusion of the membrane through the holes in the anode 
structure while at the same time not developing a framework that interrupted the ionic 
current through the membrane. These aspects of cell design might prove to be the most 
difficult adjustments necessary to successful pressure operation. 

3. The amount of chlorine dissolved in the anolyte would increase. This, pre¬ 
sumably, would increase the amount transferred through the membranes. Changes in 
operating conditions could offset this effect to some degree. 

Operation under pressure would seriously aggravate the consequences of a chlorine 
leak in the cell room. Outdoor construction or the use of some of the practices associated 
with contained storage systems (Section 9.1.8.2C) would help to relieve the hazard. In 
any event, there would have to be a complete rethinking of many operating practices as 
well as major revisions in design. 

Changing the operating philosophy would be one of the great obstacles to adopting 
pressure operation. Pressure also appears to detract from the inherent safety of the 
process. Still, it is interesting to speculate on the effects and potential benefits of running 
the process under substantial positive pressure. The following subsections describe some 
of the process advantages. These improvements can in themselves provide some inherent 
safety, and so a careful balance of the pros and cons would be necessary. 
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Among the first benefits seen in a change to higher pressure is the ability to transfer 
the gases from the cells through their processing trains without falling below atmospheric 
pressure and creating the potential for infiltration of air. The energy consumed in pro¬ 
cessing the gases will be lower, and there is special significance in an increase that allows 
elimination of a processing step. 

As pressure goes up, we can identify several opportunities for simplification: 

1. Some plants use low-pressure boosting fans to assist flow through the chlorine 
and hydrogen handling systems; these would be eliminated. 

2. Chlorine is often used in low-pressure processes in which cell gas would be a 
satisfactory feed. The first substantial goal in raising the pressure would then be 
to allow these processes to be run with uncompressed chlorine. This might be 
taken directly from the cells or after cooling or drying. 

3. Continuing increases in pressure allow other steps to be eliminated or at least 
simplified. The rest of this section considers some of these opportunities. 

4. Keeping pressure drops small is an important consideration in the design of 
standard chlorine cooling and drying systems. In a pressurized system, it would 
be less, and this fact, along with the lower volumetric flow rates, would allow 
the use of much smaller piping and equipment. 

Pressures today are limited to tens of kilopascals. This section speculates on other 
advantages that would become available if the operating pressure were increased well 
beyond this range. In order to be specific, we assume a pressure of about 10 atm, or 1 MPa. 


17.5.2.1. Cell Operation. Operation under pressure would cause substantial changes in 
behavior of the cells. The reversible potential would increase to match the higher energy 
content of the products, partly offsetting some of the advantages to be described below. 

The partial volumes of the gases generated in the cells would be inversely propor¬ 
tional to the pressure. The partial pressure of water vapor, given the same temperature 
and electrolyte composition, would be unchanged. The amount of water vaporized with 
the gas, therefore, would be lower. This fact changes the material balance on the elec¬ 
trolytes. The vaporization of less water from the catholyte would mean that less dilution 
water is required on that side. Because the vapor pressure of the membrane-cell catholyte 
is low, the amount of water vaporized into the hydrogen is not great in any case, and the 
reduction in dilution water requirement is of the order of 10% or less. The anolyte has a 
higher vapor pressure, and so the changes are greater on that side. Raising the pressure 
by a factor of 10, for example,, would reduce vaporization by up to 95%. This effectively 
keeps more water in the anolyte, and so a greater volume of feed brine would be required 
to maintain the salt concentration in the anolyte. The increase might be 6-8%, and all 
this would become part of the depleted brine recycle. 

The change in gas bubble volume would affect the electrical conductivity of the 
electrolytes. While the volume generated would be lower by a calculable amount, the 
bubble size and the quantity retained within the cell cannot be predicted with great 
precision. We can speculate on the change in conductivity by using the data presented 
by MacMullin in Sconce’s work [49]. First, the effect of bubble volume on resistivity is 
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given by the Bruggemann equation [50]: 

P/Po = (1 - (8) 


where 

p = resistivity of two-phase mixture 
Po = resistivity of liquid phase 
e = void fraction 

In the range of interest for membrane cells, this is approximately 

p/Po = l + 1.5£ + 2e2 (9) 

Sconce illustrates a number of mercury-cell anodes ranging from flat horizontal plates 
to anodes with large numbers of grooves and holes. The value of s ranged from 0.06 to 
0.25 [51]. While the latter would produce a large change in resistivity (>50%), a flat 
horizontal plate is not a realistic model for a membrane cell. If we consider instead a 
range of 6-12% voids, the increase in resistivity due to gas bubbles becomes 10-23%. 
Reducing the void fraction by a factor of 10 changes these figures to 1-2%. Electrolyte 
resistances, therefore, would decrease by 9—17% from their present values. This change 
could be used to reduce the energy consumption or it could be used to increase the 
operating current while maintaining the same voltage. Section 17.2.1 suggests that most 
users would choose the latter course. The value of the change would depend on the 
spacing between the electrodes. In a membrane-gap cell, then, the reduction in voltage 
might be quite small. On the other hand, the change would reduce the penalty of finite-gap 
operation and perhaps offer more flexibility in designing improved cells. 

Operation under pressure would also allow the cells to operate at higher temperat¬ 
ures. This would reduce the operating voltage, but it also has several disadvantages. It 
would: 

1 . offset the advantages of the lower bubble volume and the lower water content 
of the gases 

2 . increase the corrosivity of the electrolytes 

3. add to the stress on the membranes and the components that seal the cell 
compartments 


17.5.2.2. Chlorine Cooling. The vapor pressures of the electrolytes are essentially unaf¬ 
fected by total operating pressure. Therefore, the molar concentration of water vapor in 
the gases leaving the cells is inversely proportional to the total pressure. A given con¬ 
centration of water then corresponds to a higher partial pressure, allowing a higher 
temperature in the cooling system. Table 17.4 shows the gas temperatures required to 
reach the same residual water content as that in a gas cooled to 15®C at atmospheric 
pressure. 

Continuously increasing the pressure at the chlorine coolers first gradually reduces 
the number of plants that require a chilled water system. Beyond about 2.3 atm, the 
acceptable temperature exceeds the quadruple-point temperature of the chlorine hydrate 
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TABLE 17.4. Temperature-Pressure 
Combinations for Equal Water Content 
in Gas 


Pressure, atm 

Temperature,°C 

1 

15.0 

2 

26.3 

2.3 

28.7'' 

3 

33.3 

5 

42.8 

10 

56.7 


Note: ^Quadruple-point temperature. 


TABLE 17.5. Maximum Reduction in Water Content Outside 
Hydrate-Formation Zone 


Temperature, °C 

Decomposition 
pressure, atm 

Vapor pressure 
of water 

Relative 

VP 

Relative 
mole fraction 

% Reduction 
in water content 

9.6 

1 

8.965 

0.660 

0.660 

34 

15 

1.8 

12.79 

1 

0.556 

44 

20 

3 

17.535 

1.371 

0.457 

54 

28.7 

7.2 

29.525 

2.308 

0.321 

68 


Note: Base case: 15°C» 1 atm. Vapor pressures are in mm Hg. 


system. The hydrate can no longer exist, and the problems caused by its plugging lines 
and equipment disappear. 

We can also take advantage of the pressure by reducing the temperature below those 
given in Table 17.4. The concentration of water will then be below that at an atmospheric 
dew point of 15®C. We can strive for the maximum removal of water consistent with 
no hydrate formation. Table 17.5 lists several data on hydrate decomposition pressure 
along with the vapor pressure of water at the corresponding temperatures, the resulting 
equilibrium mole fraction of water vapor, and the ratios of the last two quantities to those 
that apply at 15®C and 1 atm pressure. The last column is the approximate reduction 
in water loading of a given quantity of chlorine. Note that these calculations assume 
operation at the highest allowable pressure. At a temperature of 20®C, for example, 
where the decomposition pressure is 3.0 atm, we can operate at any pressure up to that 
level without forming hydrate. The vapor pressure of water is about 37% higher than it 
is at 15°C. With a 2-fold increase in operating pressure, the vapor-phase mole fraction 
of chlorine is only 46% as great as in our standard case. 

There is still the question of protection of titanium surfaces by the passivating 
oxide layer. Section 9.1.3.5A discussed the need to maintain a certain minimum partial 
pressure of water vapor in order not to destroy this film. Under positive pressure, the 
partial pressure of chlorine will be higher. Available data on the effects of water and 
chlorine do not tell us whether the same partial pressure of water vapor will suffice 
or whether something more nearly approaching the same ratio of water to chlorine is 
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necessary. The argument that passivation occurs when the formation of Ti 02 competes 
successfully with chlorination of the bare metal [52] suggests that, at least below some 
critical pressure, the ratio of partial pressures is important. This would limit one’s ability 
to reduce the water concentration without losing passivation. This is an area of research 
that is necessary before adopting pressure operation. 

The purpose of cooling chlorine at this point in the conventional process is largely 
to remove most of the accompanying water. One of the speculations on chlorine drying, 
discussed below, would make it possible to eliminate this step and replace it with a 
liquid-phase cooler. 


17,5.23. Chlorine Drying. The drying process also benefits from higher pressure. The 
best approach here depends partly on the method of operation chosen in the cooling 
system. The same principles apply. The higher partial pressure of water vapor at a given 
mole fraction increases the amount of water that sulfuric acid can hold against a gas of 
a given composition. Conversely, operating at a given acid concentration can reduce the 
mole fraction of water in the dry chlorine. The latter offers more processing safety, and 
a certain amount of reduction in water content can always be recommended. 

Results equivalent to those available at atmospheric pressure can be achieved with 
lower acid concentrations. This fact can give the chlorine plant operator a wider choice. 
Less-concentrated feed acid might be used; for example, 93% H 2 SO 4 becomes a sound 
choice. The concentration of the spent acid can also be lower, provided that its increased 
corrosivity is acceptable. A wider spread between feed and waste acid concentrations 
reduces the consumption of acid and the amount of waste generated. Equation (9.38) 
gives the relationship. 

Higher pressures also allow us to consider other drying agents. Brine is a candidate. 
The partial pressure of water in the gas from a typical membrane cell is 50 or 60 kPa. 
Cooling the gas to 15^C reduces this to about 2kPa. At atmospheric pressure, these 
numbers are very close to the concentration of water in mol%. The vapor pressure of 
25% NaCl solution at bO'^C is about 15kPa; at 40°C, it is about 5.7 kPa. At a total 
pressure of 1 MPa, the concentration of water in a gas at equilibrium with 25% NaCl 
brine will therefore be about 1.5% at 60^C and 0.6% at 40°C, in either case lower than 
the water content of chlorine chilled at atmospheric pressure. Contact of the gas with 
brine could replace the entire gas cooling system and most of the duty of the drying 
system. The latent heat of the condensing water, in the case shown in Fig. 6.10, would 
heat the feed brine about 12°C. In some cases, this would be merely a useful interchange 
of energy and add to the thermal efficiency of the process. In other cases, removal of the 
heat is necessary for process reasons (e.g., to keep the temperature of the brine low and 
to remove more water from the gas). This heat would be removed in a liquid (circulating 
brine) rather than a gas cooler, under more favorable heat-transfer conditions. There 
would be no danger of hydrate formation. The system could be designed to avoid the use 
of titanium wherever dry chlorine is present. When the brine temperature in the dryer 
is low for the sake of process efficiency, reheating may be necessary. Note also that the 
vapor pressure of KCl brine is about 3% higher than that of NaCl brine, and so it would 
be a slightly less efficient drying agent. 
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Condensation of water from the gas will dilute the brine. However, membrane cells 
usually are fed with unsaturated brine. In any case, increasing the concentration of the 
brine in the treating system by about 0.7% easily offsets the amount of dilution. 

Sulfuric acid drying still might follow this step in order to reach very low moisture 
contents. The amount of acid required, however, would be much less than in today’s 
typical plant. Handling and disposal of the waste acid generated in the plant would be 
much easier. 


17.5,2.4, Chlorine Compression and Liquefaction. At the pressures considered above, 
primary compression could be eliminated. Alternatively, the gas could be compressed 
further and then liquefied at a higher temperature. Probably, the first choice would be to 
carry out at least some liquefaction at line pressure. Boosting for secondary or tertiary 
liquefaction would then be easier. 

Section 9.1.7.2 discussed the balance between the operating temperature and pres¬ 
sure that is required in liquefaction process design. Increasing the pressure on the gas 
allows continuous reduction in the level of refrigeration required to obtain a given result. 
The value of high pressure also becomes a step function when it permits the use of a 
different coolant. Air or plant cooling water could be regarded as the ultimate in low 
cost. Suppose that the cooling water available could reduce the temperature of the gas 
to 40°C. Table 17.6 shows the attainable degree of liquefaction of chlorine as a function 
of operating pressure. 

The results in Table 17.6 were calculated using Eq. (9.51). Further increases in pres¬ 
sure would probably not be economical and in any case would invalidate the assumption 
of ideal gas behavior that is part of the derivation of the equation. Unless an unusually cold 
source is available, cooling water will not produce what is normally considered efficient 
liquefaction. Section 9.1.7.1 points out the possibility of using cooling water to produce 
some liquefaction and then producing lower gas temperatures by the autorefrigeration 
of boiling chlorine. This appears to be a sound approach compared to liquefaction under 
extreme pressure. 

As a final note, the conditions imagined so far for electrolysis are not very far 
removed from the vapor pressure curve of chlorine. By reducing the temperature in the 


TABLE 17.6, Liquefaction of 
Chlorine as a Function of Pressure 


Operating pressure, kPa 

% Liquefaction 

1200 

40.8 

1300 

70.7 

1500 

85.4 

2000 

93.5 

2500 

95.9 


96.9 


Note: 95% (v/v) chlorine in feed gas. Final 
temperature: 40®C. 
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cells, one could produce liquid chlorine directly, eliminating any need for large com¬ 
pression and liquefaction systems. At 1 MPa, a temperature in the range 30-40°C would 
be below the boiling point of chlorine and safely above the quadruple-point temperat¬ 
ure of chlorine hydrate. The liquid chlorine would form a two-phase mixture with the 
electrolyte, placing a new set of demands on cell design. There would also be some new 
features in chlorine processing. First, there would have to be assurance that the final 
product contained no occluded electrolyte. The chlorine would contain dissolved water 
at a concentration matching its activity in the electrolyte. As Section 9.1.7.2C demon¬ 
strated, this water could be removed in the overhead vapor from a stripping process. Wet 
gas could be recycled to electrolysis. The pressure lost in stripping and recycle could 
be offset by compressing the stripped vapor or pumping the liquid chlorine into the 
stripper. 

Hart [53] demonstrated some of these concepts in a batch operation of a specially 
designed cell. The cathodic process was the deposition of a metal (e.g., zinc). 


REFERENCES 


1. R. Keller, Economic Optimization of Industrial Electrochemical Processes. In R. Alkire and T. Beck 
(eds.). Tutorial Lectures in Electrochemical Engineering and Technology^ AIChE Symposium Series 
204, vol. 7, American Institute of Chemical Engineers (1981), p. 15. 

2. J.H. Collins and J.H. Entwisle, Development and Operation of High-Current Density Mercury Cells. 
In M.O. Coulter (ed.). Modem Chlor-Alkali Technology y Ellis Horwood, Chichester (1980). 

3. J.P. Hoare, The Electrochemistry of Oxygen^ Interscience Publishers, New York (1968). 

4. M.R. Tarasovich, A. Sadkowski, and E. Yeager, Oxygen Electrochemistry. In B.E. Conway, 
J.O’M. Bockris, E. Yeager, S.U.M. Khan, and R.E. White (eds.). Comprehensive Treatise on 
Electrochemistry y vol, 7, Plenum Press, New York (1983), p. 301. 

5. E. Yeager, Oxygen Electrodes for Industrial Electrolysis and Electrochemical Power Generation. In 
U. Landau, E. Yeager, and D. Kortan (eds.), Electrochemistry in Industry^ Plenum Press, New York 
(1980), p. 29. 

6. A.B. LaConti, Introduction to SPE Cell Technology, Proceedings, Oronzio DeNora Symposium: Chlorine 
Technology, Venice (1979), p. 94. 

7. T.G. Coker, SPE Brine Electrolyzers, Proceedings, Oronzio DeNora Symposium: Chlorine Technology, 
Venice (1979), p. 128. 

8. E. Yeager, Presentation to Japan Soda Industry Association (translation). Soda to Enso (Soda and 
Chlorine) 31, 147 (1980). 

9. V.H. Thomas and E.J. Rudd, Energy Savings Advances in the Chlor-Alkali Industry. In C. Jackson (ed.). 
Modern Chlor-Alkali Technology, vol. 2, Ellis Horwood, Chichester (1983), p. 159. 

10. E.N. Balko, SPE Hydrochloric Acid Electrolysis Cells: Performance, Cell Configuration, Proceedings 
Oronzio DeNora Symposium: Chlorine Technology, Venice (1979), p. 204. 

11. H. Aikawa, Soda to Enso (Soda and Chlorine) 45, 85 (1994), 

12. A. Sakata, M. Kato, K. Hayashi, H. Aikawa, and K. Saiki, Long Term Performance of Gas Diffusion 
Electrodes in Laboratory Cells. In H.S. Burney, N. Furuya, F. Hine, and K.-L Ota (eds.), Chlor-Alkali 
and Chlorate Technology: R.B. MacMullin Symposium, Proc. vol. 99-21, The Electrochemical Society, 
Pennington, NJ (1999), p. 223. 

13. A. Uchimura, H. Aikawa, K. Saiki, A. Sakata, and N. Furuya, Gas Diffusion Electrode Using Porous 
Nickel. In J. W. Van Zee, P.C. Foller, T.F. Fuller, and F. Hine (eds.), Advances in Mathematical Modelling 
and Simulation of Electrochemical Processes and Oxygen Depolarized Cathodes and Activated Cathodes 
for Chlor-Alkali and Chlorate Processes, Proc. vol, 98-10, The Electrochemical Society, Pennington, 
NJ (1998), p. 220. 



1488 


CHAPTER 17 


14. N. Furuya, H. Syojaku, H. Aikawa, and O. Ichinose, Ag Based Oxygen Cathodes for Chlor-Alkali 
Membrane Cells. In J.W. Van Zee, P.C. Foller, T.F. Fuller, and F. Hine (eds.), Advances in Mathematical 
Modelling and Simulation of Electrochemical Processes and Oxygen Depolarized Cathodes and Activ¬ 
ated Cathodes for Chlor-Alkali and Chlorate Processes^ Proc. vol. 98 - 10 , The Electrochemical Society, 
Pennington, NJ (1998), p. 243. 

15. N. Furuya and H. Aikawa, A Study of the Gas Diffusion Electrodes for Chlor-Alkali Membrane Cells. 
In H.S. Burney, N. Furuya, F. Hine, and K.-L Ota (eds.), Chlor-Alkali and Chlorate Technology: 
R.B. MacMullin Symposium, Proc. vol. 99-21, The Electrochemical Society, Pennington, NJ (1999), 

p. 180. 

16. O. Ichinose, H. Aikawa, T. Watanabe, and A. Uchimura, Pilot Cell Scale Manufacture of the Gas 
Diffusion Electrode. In H.S. Burney, N. Furuya, F. Hine, and K.-I. Ota (eds.), Chlor-Alkali and Chlorate 
Technology: R.B. MacMullin Symposium, Proc. vol. 99-21, The Electrochemical Society, Pennington, 
NJ(1999),p. 216. 

17. H. Aikawa, Chlor-Alkali Technology Seminar, Japan Soda Industry Association, Tokyo (1999). 

18. K. Saiki, A. Sakata, H. Aikawa, and N. Furuya, Reduction in Power Consumption of Chlor-Alkali 
Membrane Cell Using Oxygen Depolarized Cathode. In H.S. Burney, N. Furuya, F. Hine, and K.-I. Ota 
(eds.), Chlor-Alkali and Chlorate Technology: R.B. MacMullin Symposium, Proc. vol. 99 - 21 , The 
Electrochemical Society, Pennington, NJ (1999), p. 188. 

19. S. Nakamatsu, N. Furuya, K. Saiki, H. Aikawa, and A. Sakata, Liquid-Permeable Gas Diffusion Electrode 
for Chlor-Alkali Membrane Cell. In H.S. Burney, N. Furuya, F. Hine, and K.-I. Ota (eds.), Chlor-Alkali 
and Chlorate Technology: R.B. MacMullin Symposium, Proc. vol. 99 - 21 , The Electrochemical Society, 
Pennington, NJ (1999), p. 196. 

20. F. Gestermann and A. Ottaviani, Chlorine Production with Oxygen-Depolarized Cathodes on an Industrial 
Scale. In J. Moorhouse (ed.), Modem Chlor-Alkali Technology, vol. 8, Blackwell Science, Oxford 
(2001), p. 49. 

21. F. Federico, G.N. Martelli, and D. Pinter, Gas-Diffusion Electrodes for Chlorine-Related (Production) 
Technologies. In J. Moorhouse (ed.). Modem Chlor-Alkali Technology, vol. 8, Blackwell Science, Oxford 
(2001), p. 114. 

22. K. Schneiders, A. Zimmermann, and G. HenBen, Membranelektrolyse—Innovation fiir die chlor-alkali- 
Industrie, Forum Thyssen-Krupp, Dortmund (2001). 

23. German Patents EP-PA0150017 (1984); EP0150018 (1985). 

24. K.-H. Tetzlaff and W. Wendel, Chem. Ing. Tech. 60 , 563 (1988). 

25. German Patent DE19715429 AI (1998). 

26. Chemical Week, 10 March 2004, p. 22. 

27. C. lamy, J.-M. Leger, and S. Srinivasan, Direct Methanol Fuel Cells: From Electrochemist’s Dream to 
a Twenty-First Century Emerging Technology. In J.O’M. Bockris, B.E. Conway, and R.E. White (eds.). 
Modem Electrochemistry, vol. 34, Plenum Publishers, New York (2001), p. 53. 

28. S. Srinivasan, L. Krishnan, A.B. Bocarsly, K.-L. Hsueh, C.-C. Lai, and A. Peng, Fuel Cells vs Competing 
Technologies, First International Fuel Cell Science, Engineering and Technology Conference, Rochester, 
NY (2003). 

29. Japan Hydrogen and Fuel Cell Demonstration Project, www.jhfc.jp (2004). 

30. A.J. Appleby and F.R. Foulkes, Fuel Cell Handbook, Van Nostrand Reinhold, New York (1989). 

31. EG&G Services, Parsons Inc., Fuel Cell Handbook, 5th ed., U.S. Department of Fossil Energy, 
Washington, DC (2000). 

32. Fuel Cell Technology Handbook, G. Hoogers (ed.), CRC Press, Boca Raton, FL (2003). 

33. D.C. Brandt, The Economics of Producing High-Strength Caustic Soda in Membrane Cells, 32nd 
Chlorine Institute Plant Managers Seminar, Washington, DC (1989). 

34. T. Shimohira, T. Kimura, T. Uchibori, and H. Takeda, Advanced Cell Technology with Flemion® 
Membranes and the Azec® Bipolar Electrolyzer. In J. Moorhouse (ed.). Modem Chlor-Alkali Technology, 
vol. 8, Blackwell Science, Oxford (2001), p. 237. 

35. H. Obanawa, Effects of Brine Impurities and Blisters on Membrane Service Life, Sixteenth Annual 
Electrode Corporation Chlorine/Chlorate Seminar, Cleveland, OH (2000). 

36. C. Bricker, Membrane Development Review, DuPont presentation to customers (2001). 

37. M.J. Raimer, Back-Pulse Filtration using Gore-Tex® Filter Cloths. In J. Moorhouse (ed.). Modem 
Chlor-Alkali Technology, vol. 8, Blackwell Science, Oxford (2001), p. 272. 



FUTURE DEVELOPMENTS 


1489 


38. P.H. Sears, Chlorine Solutions LLC, Personal Communication (2003). 

39. P. Buddingh and S. Hagemoen, New Life for Old Power Rectifiers, 44th Chlorine Institute Plant 
Managers Seminar, New Orleans, LA (2001). 

40. A.S. Popp and M. Tomas, Comparison of Thyristor vs Chopper Rectifiers in a Common Application, 
IEEE Paper #PCIC-2000-13, Petroleum and Chemical Industry Technical Conference, San Antonio, TX 
( 2000 ). 

41. LF. White and R.L. Sandel, Ethylene Dichloride—Part of the Chlor-Alkali Plant? In J. Moorhouse (ed.). 
Modern Chlor-Alkali Technology, vol. 8, Blackwell Science, Oxford (2001), p. 260. 

42. K. Ahmed, Technological Development and Pollution Abatement. A Study of How Enterprises Are 
Finding Alternatives to Chlorofiuorocarbons, Technical Paper No. 271, World Bank, Washington, DC 
(1995). 

43. M.M. Silver, Chlorine Tail Gas and Snift Disposal Systems, 25th Chlorine Institute Plant Managers 
Seminar, Atlanta, GA (1982). 

44. R.W. Baker, J. Kaschemekat, and J.G. Wijmans, CHEMTECH 26 , 36 (1996). 

45. K.A. Lokhandwala, S. Segelke, P. Nguyen, R.W. Baker, T.T. Su, and I. A. Pinnau, Ind. Eng. Chem. Res. 
38,3606(1999). 

46. T.F. O’Brien, Chlorine Processing Beyond the Millennium—^The Use of Gas-Separation Membranes. 
In J. Moorhouse (ed.). Modem Chlor-Alkali Technology, vol. 8, Blackwell Science, Oxford (2001), p. 90. 

47. S. Sarangapani and T.V. Bommaraju, U.S. Patent 6,203,692B1 (2001). 

48. S. Sarangapani, D. Gage, and T.V. Bommaraju, Electrochemical Purification of Chlorine from Chlor- 
Alkali Tail Gas, 2002 NSF Design Service and Manufacturing Grantees and Research Conference, San 
Juan, PR (2002). 

49. R.B. MacMullin, Electrolysis of Brines in Mercury Cells. In J. W. Sconce (ed.). Chlorine: Its Manufacture, 
Properties and Uses, ACS Monograph 154, Robert E. Krieger Publishing Co., Huntington, NY (1972), 
p. 163. 

50. R.M. De La Rue and C.W. Tobias, J. Electrochem. Soc. 106 , 827 (1959). 

51. S. Okada, S, Yoshizawa, F. Hine, and Z, Takehara, J. Electrochem. Soc. Jpn 26 , 165 (1958). 

52. PC. Westen, The Safe Use of Steel and Titanium in Chlorine. In R.W. Curry (ed.). Modem Chlor-Alkali 
Technology, vol. 6, Royal Society of Chemistry, Cambridge (1995), p. 62. 

53. T.G. Hart, U.S. Patent 4,086,393 (1978). 



Appendix 


A. UNIVERSAL CONSTANTS 


Avogadro’s constant 

Faraday’s constant F 

Gas constant R 


Gravity acceleration ge 


Standard molar volume of ideal 
gas at 0°C and 760 mmHg 


6.022 X 1023 mor * 

96,485 Cg-eq“^ 

26.801 Ahrg-eq“* 

23,060 cal V' g-eq'* 
8.3145 Jmor* K"* 

1.987 cal mor* K"' 
1.987BTUlb-morl °R-* 
0.08206 atmkg-mol~* 
0.730 fd atmlb-mor‘ °R“* 
9.807 ms“2 
1.27 X 10*mhr-2 

32.2fts-2 

4.17 X 10*fthr-2 
22.41 kg-mol“* 


B. CONVERSION FACTORS 


Length 


m 

cm 

mm 

in. 

ft 

1 

100 

1000 

39.37 

3.281 

0.01 

1 

10 

0.3937 

0.03281 

0.001 

0.1 

1 

0.03937 

0.003281 

0.0254 

2.54 

25.4 

1 

0.08333 

0.3048 

30.48 

304.8 

12 

1 


1 mile = 1,760 yards = 5,280 ft; 1 p,m = 10 ^ cm; 1 Angstrom = 10 ® cm. 
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Area 


m2 

2 

in^ 

ft2 

acre 

1 

1 X lO'^ 

1.550 X 102 

10.76 

2.471 X 10-* 

1 X 10“'‘ 

1 

0.155 

1.076 X 10“2 

2.471 X 10“* 

6.452 X 10-^ 

6.452 

1 

6.944 X 10“2 

1.594 X 10“2 

9.29 X 10“2 

9.29 X 102 

1.44 X 102 

1 

2.296 X 10-® 

4.047 X 102 

4.047 X 102 

6.273 X 10® 

4.3560 X lO'^ 

1 


1 are = 100 m^, 1 hectare = 100 ares. 


Volume 


m2 

L 

ft2 

US gallon 

1 

1000 

35.31 

264,2 

0,001 

1 

0.03531 

0,2642 

0.028232 

28.32 

1 

7.481 

0.003785 

3.785 

0,1337 

1 


1 British gallon = 1.201 US gallons, 1 ft^ = 1728in.3; 
1 barrel (petroleum) = 42 US gallons. 


Weight 


kg 

g 

Ib 

metric ton 

US ton 

UK ton 

1 

1 X 102 

2.205 

1 X 10-2 

1.102 X 10-2 

9.824 X lO-'* 

1 X 10~2 

1 

2.205 X 10-2 

1 X 10“® 

1.102 X 10“® 

9.842 X 10-2 

0.4536 

4.536 X 102 

1 

4.536 X 10“^ 

5 X lO-"^ 

4.464 X 10“^ 

1 X 102 

1 X 10® 

2.205 X 102 

I 

1,102 

0.9842 

9.072 X 102 

9.072 X 10® 

2 X 102 

0.9072 

1 

0.8929 

1.016 X 102 

1.016 X 10® 

2.24 X 102 

1.016 

1.12 

1 


1 pound =16 ounces. 
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Density 


gem ^ 

kgm ^ =gL 1 

lbft-3 

Ib/US gal 

1 

1000 

62.43 

8.345 

0.001 

1 

0.06243 

0.008345 

0.01602 

16.02 

1 

0.1337 

0.1198 

119.8 

7.481 

1 


Power 


kW 

kg ms ^ 

Ibfts ^ 

HP 

kcalhr ^ 

BTUhr-' 

1 

1.02 X 10^ 

7.376 X 10^ 

1.341 

8.604 X 103 

3.415 X 103 

9.807 X 10-3 

1 

7.233 

1.315 X 10-3 

8.438 

33.49 

1.356 X 10-3 

0.1383 

1 

1.82 X 10-3 

1.167 

4.63 

0.7457 

76.04 

5.50 X 102 

1 

6.419 X 102 

2.547 X 10^ 

1.162 X 10-3 

0.1185 

0.8569 

1.559 X 10-3 

1 

3.967 

2.929 X 10-^ 

2.989 X 10-2 

0.216 

3.929 X 10-4 

0.2521 

1 


1 kW = 1,000 J s ^ HP — horsepower. 


Energy 


Joule 

kgf m 

Ibf ft 

kWhr 

HP hr 

Latm 

kcal 

BTU 

1 

0.102 

0.7376 

2.778 X 10-'' 

3.725 X 10-'' 

9.869 X 10-3 

2.390 X 10-^ 

9.486 X 10-4 

9.807 

1 

7.233 

2.724 X 10-^ 

3.653 X 10-^ 

9.678 X 10-2 

2.344 X 10-3 

9.302 X 10-3 

1.356 

0.1383 

1 

3.766 X 10-'' 

5.051 X 10-^ 

1.338 X 10-2 

3.241 X 10-^ 

1.286 X 10-3 

3.6 X 10^ 

3.671 X 10^ 

2.655 X 10^ 

1 

1.341 

3.553 X 10^ 

8.605 X 102 

3.415 X 103 

2.685 X 10^ 

2.738 X 10^ 

1.980 X 10^ 

0.7457 

1 

2.649 X 10^ 

6.417 X 102 

2.547 X i03 

1.013 X 102 

10.33 

74.73 

2.815 X 10-5 

3.774 X 10-5 

1 

2.422 X 10-2 

9.612 X 10-2 

4.183 X 10^ 

4.266 X 10^ 

3.086 X 10^ 

1.162 X 10-3 

1.558 X 10-3 

41.29 

1 

3.968 

1.054 X 10^ 

1.075 X 102 

7.775 X 102 

2.928 X 10-^ 

3.927 X 10"^ 

10.4 

0.252 

1 
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Thermal conductivity 


kcalm ^ hr ^ °C ^ 

cal cm ^ s ^ °C ^ 

BTUft-* hr-* °F-* 

BTUin-* hr-^°F-‘ 

1 

2.778 X 10-2 

0.672 

5.600 X 10-2 

360 

1 

2.419 X 10^ 

20.16 

1.488 

4.136 X 10-2 

1 

8.333 X 10-2 

17.86 

4.960 X 10-2 

12 

1 


Pressure 

bar 

kgfm ^ 

Ibfin. ^ 

atm 

102mmHg 102 

mm H 2 O 

kPa 

1 

1.02 

14.5 

0.9869 

0.75 

10.21 

100 

0.9807 

1 

14.22 

0.9678 

0.7355 

10.01 

98.07 

0.06895 

0.07031 

1 

0.06804 

0.05171 

0.7037 

6.895 

1.013 

1.033 

14.7 

1 

0.76 

10.34 

101.3 

1.333 

1.36 

19.34 

1.316 

1 

13.61 

133.3 

0.03386 

0.03453 

0.4912 

0.00342 

0.0254 

0.3456 

3.386 

0.09798 

0.09991 

1.421 

0.0967 

0.07349 

1 

9.798 

0.002489 

0.002538 

0.0361 

0.002456 

0.001867 

0.0254 

0.2489 

1 bar = 1 megadyne cm' 

1 megadyne = 10^ dyne, 1 mmHg = 1 Torr. 




Viscosity 

Poise 

Centipoise 

(mPas)^ 

kgm ^ s * 
(Pas) 

kgm ^ hr * 

Ibft-' s-' 

lb ft-'hr-' 

1 

100 

0.1 

360 

6.720 X 10-2 

2.419 X 102 

0.01 

1 

1 X 10-2 

3.6 

6.720 X 10-'* 

2.419 

10 

1 X 102 

1 

3.600 X 102 

6.720 X 10-' 

2.419 X 10^ 

2.778 X 10-2 

0.2778 

2.778 X 10“'* 

1 

1.867 X 10-'* 

0.672 

14.88 

1.488 X 102 

1.488 

5.357 X 102 

1 

3600 

4.134 X 10-2 

0.4134 

4.134 X 10-'* 

1.488 

2.778 X 10-'* 

1 


Note: 

^mPa = milli-Pascal. 
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Heat transfer coefficient 


kcalm ^ hr ^ °C ^ 

cal cm ^ s ^ °C ^ 

BTUft-2 hr-* °F-* 

1 

2.778 X 10-5 

0.2048 

3.6 X 10^ 

1 

7.374 X 10^ 

4.882 

1.3562 X 10-'* 

1 


Current density 


mAcm ^ 

Adm ^ 

kAm ^ 

Ain-2 

Aft-2 

1 

0.1 

0.01 

0.00694 

0.9294 

10 

1 

0.1 

0.0645 

9.2937 

100 

10 

1 

0.645 

92.937 

155 

15.5 

1.55 

1 

144.05 

1.076 

0.1076 

0.01076 

6.94 X 10-^ 

1 


C. DIMENSIONLESS GROUPS 


Arrhenius number 

E 

RT 

Peclet number 

vpcL 

Biot number 

hL 

IT 

Poiseuille number 

gcd^(-dp/dL) 

pv 

Condensation group 


Prandtl number 

cp 

X 

Euler number 

pv^ 

Reynolds number 

pvL _ vL 
p y 

Fanning friction factor 

gcdAP 

2pv^L 

Schmidt number 

P 

Fourier number 

kc 

pcL^ 

Sherwood number 


Froude number 

JL 

Stanton number 

h 

cvp 

Gay-Lussac number 

1 

JKT 

Stokes number 


Grashof number 

Hatta number 

L^p^egAT 

m « 

Thiele number 

Thring radiation 

pv^L 

a 

pcv 

seT^ 

tanhyn 


number 

MacMullin number 

Pn „ T 

Po s 

Wagner number 

PoL 

Nusseit number 

hd 

X 

Weber number 

pv^L 

a 


Note: 
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D. NOMENCLATURE IN APPENDIX C 


a Acceleration 

c Specific heat 

Cp Specific heat at constant temperature 

D Diffusivity 

d Diameter 

E Activation energy 

e Emissivity 

Fr Force 

g Acceleration of gravity 

gc Newton’s law conversion factor 

h Heat transfer coefficient 

k Thermal conductivity 

kc Mass transfer coefficient (liquid film) 

kp Slope of potential'-current density curve 

Reaction rate constant (first-order) 

L Specific length 

p Pressure 

R Gas constant 

s Stefan-Boltzmann constant 

T Temperature 

t Time 

u Reaction rate 

V Linear velocity 

p Coefficient of bulk expansion 

A Difference 

e Porosity 

p Viscosity 

V Kinematic viscosity 

p Density 

Pn Resistivity of electrolytic solution with nonconductive suspensions 

Po Resistivity of electrolytic solution free of nonconductive suspensions 

cr Surface tension 

T Tortuosity of porous medium 


E. CORRELATIONS 

Sodium chloride 
1. Solubility of NaCl in water 


Wt% = 26.2516 - 0.001235? + 4.8755 x lO'^f^ 


where 


? = °F 



APPENDIX 


1497 


2. Solubility of NaCl in NaOH 

S = 0.009c^ - 0.895c + 0.0003125?^ + 22.95 


where 

5 = wt%ofNaCl 

t = temperature, 20-60°C 

c = NaOH concentration from 35% to 50% 

3. Vapor pressure lowering 


20°C: y = 0.4718jc + 0.01714^:^ 
100°C: y = 0.4508a: + 0m96x^ 


where 

y = % reduction 
X = wt% salt (0-27%) 

4. Enthalpy 

H = 111.3611 + 0.274305c - 0.0076797c2 

+ 0.999216f - 0.0131122cf + 1.77404 x lO'-'^c^t 


where 

H = Enthalpy (kcal kg“') 
c = wt% NaCl 
f =°C 

5. Density 


Specific Gravity = Q + Rc + Sc^ 


where 

Q = 1.0004075 - 0.71687895 x lO'^r - 0.51792075 x lO'^t^ 

+ 0.1054032 X 10- V 

/? = 0.0074569085 - 0.2960572 x 10-^1 + 0.30564225 x lO'^t^ 
-0.934493315 x lO-^t^ 

5 = 0.18372605 x 10-^ + 0.42360185 x 10-^1-0.51483125 x 
+ 0.1794537 x lO-'^l^ 
c = wt% NaCl 
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Potassium chloride 

1. Solubility in water 


5 = 27.8054 + 0.30925/ - 0.00211584/^ 


where 

S = solubility (g/100g-H20) 
t = temperature (°C) 

2. Vapor pressure lowering 

y = 0.3723JC + 0.009Ijc^ 


where 

y = % reduction of vapor pressure (solution in water) 
X = wt% salt (0-37%) 

3. Specific heat of solutions 


Cp = 0.974-0.01 P 

where 

Cp = specific heat 
p = wt% salt 

4. Density of solutions 

p = 1.0016 - 3.525 X 10-*r - 1.625 x 10"V + 5.833 x lO^^P 
+ 3.006 X 10“+ 4.5 X IQ-hp 


Sodium hydroxide 


Specific Gravity = Q + Rc + Sc^ + 


where 

G = 1.00224925 - 0.116831975 x 10“^/ - 0.3210971 x 10-V 
/? = 0.01148599 - 0.319841025 x 10“^/ + 0.21510285 x 10"^ 

5 = 0.19658565 x 10-^ + 0.761527825 x 10-®r - 0.61560685 x 10-*/^ 

7 =-0.334691125 x 10-^-0.7552771 x lO'®/ + 0.661632323 x lO-'"/^ 
c = wt% NaOH 
t = °C 
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Potassium hydroxide 


Specific heat at 18°C = 1 - 1.648 x lO'^c + 5.1574 x lO'^c^ - 8.5826 x 10~ 
where 

c = g/1 KOH 


Chlorine 

1. Vapor pressure 

logP = 3L9142 - 1811.8011/r - 10.989096log 7 + 0.007320377 


where 

P = atm; T = K 

2. Vapor pressure of liquid chlorine (at liquefaction temperatures) 


Vapor pressure (kPa) = (100.403898 - 0.07629155r - 0.0009227^^) 


exp 


9.596 


3726.9 
1.8r+491.8 


175088.4 “ 

(1.8^+491.8)2 


where 

3. Density of liquid chlorine 

p = 573 + 1060.60837 - 160.4187^ + 837.081927^ - 247.207167'^ 


where 

p = kg m“^ 
y = (l - 

Tr = reduced temperature 

4. Viscosity of liquid chlorine 


In(fjii) = -2.64947 + 


484.686 
t+285.3845 


where 

fjL\ = mPa s (or centipoises) 
t = ^C 
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5. Thermal conductivity of liquid chlorine 

k = 0.2458 - 3.094 x - 4.053 x 10“^ 

where 

k = thermal conductivity W 
T = temperature (K) 

6 . Specific heat of gaseous chlorine 

Cp = 0.605770219 - 4.6076698 x IQ-^T - 41.8722507/7 
+ 2408.76803/7^ 


where 

Cp = specific heat 
T = temperature (K) 

7. Viscosity of chlorine gas 


ln(/>tg) = -2.40357 - 


1117.90 
t + 565.833 


where 

fig = Viscosity mPa s (or centipoises) 
t = °C 

8 . Thermal conductivity of gaseous chlorine 

lnk = -2.7230 - 1004.4/(r + 202.68) 


where 

k = thermal conductivity W m“^ K“^ 

T = temperature (K) 

9. Dissociation constant of hypochlorous acid 

HCIO = H+ + ocr 

[H]+[OCl]- 

HOCl 


where 


K = 3.7508 X 10'^ exp 
7 = temperature (K) 


-1450.6 \ 
7 ) 
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10. Hydrolysis constant of chlorine 

Cl2(aq) + H2O = HOCl + HCl 
^ ^ [HQC1][HC1] 

[Cl2(aq)] 

where 

/-3085.44 \ 
ii: = 11.625 expf- - -j 

T = temperature (K) 

11. Equilibrium constant of trichloride ion 


Cl2(aq) + Cr = CIJ 
[Cl2(aq)][Cr] 


where 


K=6M9% X 10-3exp 
T — temperature (K) 


1030.87 

T 


) 


NaOH -j- NaCl solutions 
1. Density 

p = 1.00686 + 0 . 01 147527CNaOH -0.1722033 x lO-'^C^^OH 
- 0.3585138 X I0~^t - 0.2143812 x 
+ 0.007550802CNaCi 

where 

p = Density, g ml“^ 

CNaOH = wt% NaOH (0-65 wt%) 

C^NaCi = wt% NaCl (0-28 wt%) 

? = (0-130) 
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F. SODIUM CHLORIDE 


TABLE FI. Specific Gravity of NaCl Solutions 


Specific NaCl Solution NaCl H 2 O 
(15°C) gravity wt% gl“^ gl“^ gl“^ 


2.0 

1.01405 

3,0 

1.02123 

4.0 

1.02850 

5.0 

1.03589 

6.0 

1.04338 

7.0 

1.05098 

8.0 

1.05869 

8.5 

1.06259 

9.0 

1.06651 

9.5 

1.07046 

10.0 

1.07446 

10.5 

1.07847 

11.0 

1.08251 

11.5 

1.08659 

12.0 

1.09069 

12.5 

1.09483 

13.0 

1.09900 

13.5 

1.10320 

14.0 

1.10743 

14.5 

1.11170 

15.0 

1.11600 

15.5 

1.12033 

16.0 

1.12470 

16.5 

1.12910 

17.0 

1.13353 

17.5 

1.13801 

18.0 

1.14251 

18.5 

1.14706 

19.0 

1.15163 

19.5 

1.15625 

20.0 

1.16089 

20.5 

1.16558 

21.0 

1.17032 

21.5 

1.17508 

22.0 

1.17988 

22.5 

1.18472 

23.0 

1.18961 

23.5 

1.19453 

24.0 

1.19949 

24.5 

1.20450 


1.938 

1013.167 

2.929 

1020.333 

3.932 

1027.600 

4.951 

1034.981 

5.962 

1042.464 

6.987 

1050.062 

8.024 

1057.760 

8.549 

1061.653 

9.078 

1065.574 

9,611 

1069.525 

10.145 

1073.518 

10.672 

1077.527 

11.202 

1081.563 

11.738 

1085.644 

12.275 

1089.738 

12.818 

1093.876 

13.365 

1098.043 

13.916 

1102.238 

14.471 

1106.463 

15.030 

1110.730 

15.573 

1115.026 

16.120 

1119.351 

16.672 

1123.720 

17.227 

1128.118 

17.786 

1132.544 

18.351 

1137.013 

18.919 

1141.511 

19.493 

1146.053 

20.068 

1150.623 

20.628 

1155.237 

21.192 

1159.879 

21.761 

1164.565 

22.335 

1169.294 

22.912 

1174.052 

23.496 

1178.852 

24.082 

1183.682 

24.676 

1188.570 

25.259 

1193.486 

25.829 

1198.445 

26.415 

1203.448 


19.635 

993.532 

29.886 

990.447 

40.405 

987.198 

51.242 

983.739 

62.152 

980.312 

73.368 

976.694 

84.875 

972.885 

90.761 

970.892 

96.773 

968.841 

102.792 

966.733 

108.908 

964.610 

114.994 

962.533 

121.157 

960.406 

127.433 

958.211 

133.765 

955.973 

140.213 

953.663 

146.753 

951.290 

153.387 

948.851 

160.116 

946.347 

166.943 

943.787 

173.643 

941.383 

180.439 

938.912 

187.347 

936.373 

194.341 

933.777 

201.434 

931.110 

208.653 

928.360 

215.962 

925.549 

223.400 

922.653 

230.907 

919.716 

238.302 

916.935 

245.802 

914.077 

253.421 

911.144 

261.162 

908.132 

268.999 

905.053 

276.983 

901.869 

285.054 

898.628 

293.292 

895.278 

301.463 

892.023 

309.546 

888.899 

317.891 

885.557 


(With permission from Japan Soda Industry Association) 
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TABLE F2. Specific Heat of NaCl Solutions 


% 

-lO'^C 

O^C 

lO^C 

20°C 

30°C 

0 


1.0082 

1.0058 

0.9996 

0.9991 

5 


0.9343 

0.9367 

0.9391 

0.9413 

10 


0.8813 

0.8858 

0.8894 

0.8921 

15 

0.8340 

0.8400 

0.8448 

0.8483 

0.8507 

16 

0.8273 

0.8330 

0.8376 

0.8409 

0.8433 

17 

0.8206 

0.8261 

0.8307 

0.8340 

0.8362 

18 

0.8144 

0.8199 

0.8242 

0.8273 

0.8292 

19 

0.8084 

0.8137 

0.8178 

0.8206 

0.8225 

20 

0.8029 

0.8080 

0.8118 

0.8144 

0.8158 

21 

0.7974 

0.8022 

0.8060 

0.8084 

0.8096 

22 

0.7927 

0.7972 

0.8006 

0.8025 

0.8034 

23 

0.7879 

0.7920 

0.7951 

0.7970 

0.7979 

24 

0.7834 

0.7872 

0.7898 

0.7915 

0.7922 

25 

0.7791 

0.7826 

0.7850 

0.7865 

0.7867 


(With permission from Japan Soda Industry Association) 


TABLE F3. Surface Tension of NaCl Solutions in dyne cm ^ 


% 

O^C 

10°C 

20"’C 

30°C 

0 

75.64 ±0.1 

74.22 ± 0.05 

72.75 ± 0.05 

71.18 ±0.05 

2.84 

76.46 ± 0.3 

75.04 ±0.15 

73.57 ±0.1 

72.00 ±0.15 

5.52 

77.28 ± 0.3 

75.86 ±0.15 

74.39 ±0.1 

72.82 ±0.15 

10.47 

78.92 ± 0.3 

77.50 ± 0.2 

76.03 ±0.15 

74.46 ± 0.2 

14.92 

80.54 ± 0.3 

78.12 ±0.25 

77.65 ±0.15 

76.08 ± 0.25 

18.95 


80.76 ± 0.25 

79.29 ± 0.2 

77.72 ± 0.25 

22.62 


82.39 ± 0.25 

80.92 ± 0.25 

79.35 ± 0.25 

25.97 


84.02 ± 0.25 

82.55 ± 0.25 

80.98 ± 0.25 


(With permission from Japan Soda Industry Association) 
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TABLE F4. Activity (a), Coefficient of 
Osmotic Pressure (<I>), and Mean Activity 
Coefficient (y±) of NaCl Solutions 


m 

a 

d> 

log y± 

0.1 

0.99665 

0.9324 

-0.1088 

0.2 

0.99336 

0.9245 

-0.1339 

0.3 

0.99009 

0.9215 

-0.1489 

0.4 

0.98682 

0.9203 

-0.1594 

0.5 

0.98355 

0.9209 

-0.1668 

0.6 

0.98025 

0.9230 

-0.1722 

0.7 

0.97692 

0.9257 

-0.1760 

0.8 

0.97359 

0.9288 

-0.1789 

0.9 

0.97023 

0.9320 

-0.1810 

l.O 

0.96686 

0.9355 

-0.1825 

1.2 

0.96010 

0.9428 

-0.1842 

1.4 

0.95320 

0.9513 

-0.1841 

1.6 

0.94610 

0.9616 

-0.1822 

1.8 

0.93890 

0.9723 

-0.1792 

2.0 

0.93160 

0.9833 

-0.1755 

2.2 

0.92420 

0.9948 

-0.1709 

2.4 

0.91660 

1.0068 

-0.1656 

2.6 

0.90890 

1.0192 

-0.1598 

2.8 

0.90110 

1.0321 

-0.1534 

3.0 

0.89320 

1.0453 

-0.1465 

3.2 

0.88510 

1.0587 

-0.1302 

3.4 

0.87690 

1.0725 

-0.1316 

3.6 

0.86860 

1.0867 

-0.1234 

3.8 

0.86060 

1.1013 

-0.1148 

4.0 

0.85150 

1.1158 

-0.1061 

4.2 

0.84280 

1.1306 

-0.0971 

4.4 

0.83390 

1.1456 

-0.0878 

4.6 

0.82500 

1.1608 

-0.0782 

4.8 

0.81600 

1.1761 

-0.0685 

5.0 

0.80680 

1.1916 

-0.0585 

5.2 

0.79760 

1.2072 

-0.0483 

5.4 

0.78830 

1.2229 

-0.0380 

5.6 

0.77880 

1.2389 

-0.0274 

5.8 

0.76930 

1.2548 

-0.0167 

6.0 

0.75980 

1.2706 

-0.0060 


Note\ \na = -(v m tV/I000)<I> 

where v = stoichiometric number of ions generated from 
one mole of electrolyte, W — mass of water in g mol“ ^, and 
m = concentration in molality (mol kg~ ^ water). (Based on 
the vapor pressure of 23.753 mm Hg of pure water at 25°C.) 
(With permission from Japan Soda Industry Association) 
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0 20 40 60 80 100 

Temperature (°C) 


FIGURE FI. Specific gravity of NaCl solutions. (Data from International Critical Tables, Vol. 3, p. 79, 
McGraw-Hill, Book Co., New York (1928).) 
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NaCI Concentration (wt%) 


FIGURE F2. Viscosity of NaCl solutions, (Data from Mellor’s “Comprehensive Treatise of Inorganic and 
Theoretical Chemistry,’* Vol. II, supplement II, p. 845, Longman (1961); open circles from Kaufmann’s 
“Sodium Chloride,” p. 622, Reinhold Publishing Corp., New York (I960).) 
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0 20 40 60 80 100 120 


Temperature (°C) 

FIGURE F3. Heat capacity of NaCl solutions. (Data from International Critical Tables, Vol. II, p. 328 (1927), 
Vol. V, p. 115 (1929), McGraw-Hill Book Co., New York and M. Randall and F.D. Rossini, J. Amer. Chem. 
Soc. 51, 323 (1929).) 



FIGURE F4. Vapor pressure of NaCl and KCl solutions. (Courtesy of Japan Soda Industry Association.) 
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FIGURE F5. Diihring diagram of NaCl solutions. (Courtesy of Japan Soda Industry Association.) 
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FIGURE F6. Boiling point elevation of NaCl ^solutions at atmospheric pressure. (Data from International 
Critical Tables, Vol. Ill, p. 326, McGraw-Hill Book Co., New York (1928).) 
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3 4 5 
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FIGURE F9. Conductivity of NaCl solutions. (Courtesy of Japan Soda Industry Association.) 



Concentration (mol/I) 

FIGURE FIO. Equivalent conductance of NaCl solutions at 25°C. Shedlovsky’s equation (A, 4* <y\fc)l 
(1 - 6>Vc) = A.O + Bxc + = 126.29; Bx = 95.7478; B 2 = -65.6364; a = 59.78; 9 = 0.2273). 

(F. Hine, Electrode Processes and Electrochemical Engineering, pp. 81-82, Plenum Press, New York (1985).) 
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FIGURE FI 1. Thermal conductivity of NaCl solutions. (Courtesy of Japan Soda Industry Association.) 
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G, POTASSIUM CHLORIDE 


TABLE G1. Density of Solutions of KCl 


% 



Temperature, °C 




KCl 

0 

20 

25 

40 

60 

80 

100 

2 

1.01335 

1.01103 

1.00997 

1.00471 

0.9956 

0.9842 

0.9708 

4 

1.02690 

1.02391 

1.02255 

1.01727 

1.0080 

0.9966 

0.9834 

6 

1.04055 

1.03690 

1.03544 

1.02995 

1.0206 

1.0092 

0.9960 

8 

1.05431 

1.05003 

1.04847 

1.04278 

1.0333 

1.0219 

1.0088 

10 

1.06820 

1.06332 

1.06167 

1.05578 

1.0461 

1.0347 

1.0218 

12 

1.08222 

1.07679 

1.07506 

1.06897 

1.0592 

1.0478 

1.0350 

14 

1.09638 

1.09046 

1.08865 

1.08237 

1.0725 

1.0611 

1.0483 

16 

1,11068 

1.10434 

1.10245 

1.09600 

1.0861 

1.0746 

1.0619 

18 

1.12513 

1.11845 

1.11647 

1.10987 

1.0998 

1.0884 

1.0757 

20 

1.13973 

1.13280 

1.13072 

1.12399 

1.1138 

1.1024 

1.0897 

22 

1.15449 

1.14740 

1.14521 

1.13836 

1.1281 

1.1166 

1.1040 

24 


1.16226 

1.15995 

1.15299 

1.1425 

1.1311 

1.1185 

26 



1.17495 

1.16788 

1.1573 

1.1458 

1.1333 

28 




1.18304 

1.1723 

1.1609 

1.1483 



KCI Concentration (g/1000 g H2O) 


FIGURE G1. Solubility of KCl in water. (Data from International Critical Tables, Vol. IV, p. 239, McGraw-Hill 
Book Co., New York (1929)) 
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KCI Concentration (molality) 


FIGURE G3. Relative partial molal heat capacity of solute in KCI solutions. (Data from R. Parsons, Handbook 
of Electrochemical Constants, Academic Press Inc., New York (1959), p. 43.) 
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FIGURE G4. Vapor pressure of KCl solutions. 
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KCI Concentration (wt%) 

FIGURE G5. Boiling point elevation of KCI solutions. (Data from International Critical Tables, Vol. Ill, 
p. 326, McGraw-Hill Book Co., New York (1928).) 



KCI Concentration (wt%) 


FIGURE G6. Freezing point lowering of KCI solutions. (Data from International Critical Tables, Vol. IV, 
p. 259, McGraw-Hill Book Co., New York (1929).) 
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FIGURE G7. Mean activity coefficient of KCl in solution. 
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FIGURE G8. Conductivity of KCl solutions. (F. Hine, Electrode Processes and Electrochemical Engineerings 
p. 79, Plenum Press, New York (1985).) 




1516 


APPENDIX 


H. SODIUM HYDROXIDE 


Physical Properties of Sodium Hydroxide 


Property 

Value 

CAS registry number 

[1310-73-2] 

Molecular weight 

39.998 

Specific gravity at 20°C 

2.130 

Melting point,°C 

318 

Boiling point,°C at 101.3 kPa 

1388 

Specific heat, J g“ ^ °C~ ^ at 20°C 

Refractive index at 589.4 nm 

1.48 

320°C 

1.433 

420°C 

1.421 

Latent heat of fusion, J g“^ 

167.4 

Lattice energy, kJ moI“^ 

737.2 

Entropy, Jmol“* K“* at25°Cand 101.3kPa 

Heat of formation, kJ mol“^ 

64.45 

a form 

422.46 

^ form 

426.60 

Heat of transition from a form to ^ form, J g“^ 

103.3 

Transition temperature, °C 

299.6 

Free energy of formation, kJ mol“ * at 25°C and 101.3 kPa 

-379.5 


TABLE HI. Specific Gravity of NaOH Solutions 


^ 15/4 

Bd 

NaOH 

% 

NaOH 

gI-‘ 

^ 15/4 

Bd 

NaOH 

% 

NaOH 

gl-* 

1.007 

1 

0.59 

6.0 

1.220 

26 

19.65 

239.7 

1.014 

2 

1.20 

12.0 

1.231 

27 

20.60 

253.6 

1.022 

3 

1.85 

18.9 

1.241 

28 

21.55 

267.4 

1.029 

4 

2.50 

25.7 

1.252 

29 

22.50 

281.7 

1.036 

5 

3.15 

32.6 

1.263 

30 

23.50 

296.8 

1.045 

6 

3.79 

39.9 

1.274 

31 

24.48 

311.9 

1.052 

7 

4.56 

47.3 

1.285 

32 

25.50 

327.7 

1.060 

8 

5.20 

55.0 

1.297 

33 

26.58 

344.7 

1.067 

9 

5.86 

62.5 

1.308 

34 

27.65 

361.7 

1.075 

10 

6.58 

70.7 

1.320 

35 

28.83 

380.4 

1.083 

11 

7.30 

79.1 

1.332 

36 

30.00 

399.6 

1.091 

12 

8.07 

88.0 

1.345 

37 

31.20 

419.6 

1.100 

13 

8.78 

96.6 

1.357 

38 

32.50 

441.0 

1.108 

14 

9.50 

105.3 

1.370 

39 

33.73 

462.1 

1.116 

15 

10.30 

114.9 

1.383 

40 

35.00 

484.1 

1.125 

16 

11.06 

124.4 

1.397 

41 

36.36 

507.9 

1.134 

17 

11.90 

134.9 

1.410 

42 

37.65 

530.9 

1.142 

18 

12.69 

145.0 

1.424 

43 

39.06 

556.2 

1.152 

19 

13.50 

155.5 

1.438 

44 

40.47 

582.0 

1.162 

20 

14.35 

166.7 

1.453 

45 

42.02 

610.6 

1.171 

21 

15.15 

177.4 

1.468 

46 

43.58 

639.8 

1.180 

22 

16.00 

188.8 

1.483 

47 

45.16 

669.7 

1.190 

23 

16.91 

201.2 

1.498 

48 

46.73 

700.0 

1.200 

24 

17.81 

213.7 

1.514 

49 

48.41 

732.9 

1.210 

25 

18.71 

226.4 

1.530 

50 

50.10 

766.5 


(With permission from Japan Soda Industry Association) 
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TABLE H2. Heat of Solution of Caustic Soda 


% NaOH 

Water/mole NaOH 

Calg“* NaOH 

0.44 

500 

253.3 

0.55 

400 

253.4 

1.10 

200 

253.7 

2.17 

100 

254.7 

4.25 

50 

256.7 

8.16 

25 

257.1 

14.13 

13.5 

261.2 

19.79 

9 

256.8 

24.08 

7 

254.4 

30.75 

5 

232.9 

42.53 

3 

179.8 


TABLE H3. Heat of Dilution of NaOH Solutions 


wt% NaOH 

kcalkg-* NaOH 

kcal kg ^ of solution 

0 

0 

0 

2 

0.649 

0.0129 

4 

-1.122 

-0.0455 

6 

-2.629 

-0.1578 

8 

-3.932 

-0.3146 

10 

-4.730 

-0.4730 

12 

-5.021 

-0.5995 

14 

-4.757 

-0.6655 

16 

-4.037 

-0.6435 

18 

-2.744 

-0.4935 

20 

-0.825 

-0.1655 

22 

1.804 

0.3965 

24 

5.208 

1.248 

26 

9.427 

2.453 

28 

14.536 

4.070 

30 

20.537 

6.160 

32 

27.483 

8.790 

34 

35.227 

11.968 

36 

43.796 

15.763 

38 

53.075 

20.168 

40 

62.810 

25.129 

42 

72.985 

30.679 

44 

83.435 

36.718 

46 

93.885 

43.186 

48 

104.335 

50.072 
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NaOH Concentration (wt%) 


FIGURE HI. Solubility of NaCl in NaOH solutions. (Courtesy of Japan Soda Industry Association.) 
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FIGURE H2. Viscosity of NaOH solutions. (Courtesy of Japan Soda Industry Association.) 
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FIGURE H3. Specific heat of NaOH solutions. (Courtesy of Japan Soda Industry Association.) 
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Temperature (°C) 

FIGURE H5. Boiling point of NaOH solutions. (Courtesy of Japan Soda Industry Association.) 
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1 Ice + solution 

2 lce + NaOH-7H20 

3 NaOH-7 H 2 O + solution 

4 Na0H-5H20 + solution 

5 Na0H-7H2O + NaOH-5H20 

6 NaOH-4H20 + solution 

7 NaOH-5H20 + Na0H-4H2O 

8 NaOH-3.5H 2 O + solution 

9 NaOH-4H20 + Na0H-3.5H20 
•10 Na0H-3.5H20 + NaOH-2H20 

11 Na 0 H- 2 H 20 + solution 
■12 NaOH-H 2 O solution 
13 NaOH-2H20 + NaOH H20 
' 14 NaOH + solution 
15 NaOH H20 + NaOH 




FIGURE H6. Phase diagram of caustic soda. (Courtesy of Japan Soda Industry Association.) 
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Boiling Temperature of Pure Water (°C) 

FIGURE H7. Dtihring diagram of NaOH solutions. (Courtesy of Japan Soda Industry Association.) 



NaOH Concentration (wt%) 


FIGURE H8. Enthalpy of NaOH solutions. 
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FIGURE H9. Surface tension of NaOH solutions. (Data from International Critical Tables, Vol. IV, p. 465, 
McGraw-Hill Book Co., New York (1929); surface tension of water at 18°C = 72.58 dynescm~^.) 
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FIGURE HIO. Conductivity of NaOH solutions. (F. Hine, Electrode Processes and Electrochemical 
Engineering, p. 75, Plenum Press, New York (1985).) 
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FIGURE Hll. Thermal conductivity of NaOH solutions. (From Hooker Chemical Corporation’s Technical 
Bulletin “Caustic Soda” p. 40 (1954).) 
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FIGURE HI2. Activity coefficient of NaOH in solution. (From G. Akerlof and G. Kegeles, J. Amen Chem. 
Soc. 62, 620 (1940).) 
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1. POTASSIUM HYDROXIDE 


TABLE IL Thermal Conductivity of Potassium Hydroxide Solutions 


Wt% KOH 


Heat conductivity at 

°C(kcalm ^ hr' 

-1 OQ- 

1) 


0 

10 

20 

30 

40 

50 

60 

70 

80 

0 

0.486 

0.501 

0.515 

0.528 

0.540 

0.551 

0.561 

0.570 

0.578 

10 

0.490 

0.505 

0.519 

0.532 

0.544 

0.555 

0.565 

0.574 

0.582 

20 

0.486 

0.501 

0.515 

0.528 

0.540 

0.551 

0.561 

0.570 

0.578 

30 

0.473 

0.488 

0.502 

0.515 

0.527 

0.538 

0.548 

0.557 

0.565 

40 

0.456 

0.471 

0.485 

0.498 

0.510 

0.521 

0.531 

0.540 

0.548 

50 

0.432 

0.447 

0.461 

0.474 

0.486 

0.497 

0.507 

0.516 

0.524 



KOH Concentration (wt%) 


FIGURE II. Specific gravity of KOH solutions. (G. Akerlof and P. Bender, X Amen Chem. Soc. 63, 1088 
(1941).) 
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Temperature (°C) 


FIGURE 13. Viscosity of KOH solutions. (Data from International Critical Tables, Vol. V, p. 17, McGraw-Hill 
Book Co., New York (1929).) 
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Temperature (""C) 


FIGURE 14. Vapor pressure of KOH solutions. (From International Critical Tables of Numerical Data: 
Physics, Chemistry and Technology, McGraw-Hill Book Co. (1923-1933).) 
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FIGURE 15. Boiling point elevation of KOH solutions. (Data from International Critical Tables, Vol. Ill, 
p. 326, McGraw-Hill Book Co., New York (1928).) 
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KOH Concentration (wt%) 

HGURE 17. Freezing point lowering of KOH solutions. (Data from International Critical Tables, Vol. IV, 
p. 259, McGraw-Hill Book Co., New York (1929).) 
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FIGURE 18. Heat of solution of KOH. (F.D. Rossini et aL, Selected Values of Chemical Thermodynamic 
Properties, p. 93, U.S. Government Printing Office, Washington, DC (1952).) 
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FIGURE 19. Conductivity of KOH solutions. (F. Hine, Electrode Processes and Electrochemical Engineering, 
p. 76, Plenum Press, New York (1985).) 
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FIGURE no. Surface tension of KOH solutions at 18°C. (Data from International Critical Tables, Vol. IV, 
p. 466, McGraw-Hill Book Co., New York (1929).) 




APPENDIX 


1531 



KOH Concentration (molality) 


FIGURE Ill. Stoichiometric mean molal activity coefficient of KOH solutions at 25° C. (Data from R. Parsons, 
Handbook of Electrochemical Constants, Academic Press Inc., New York (1959), pp. 22, 28.) 
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J. CHLORINE 


Physical Properties of Chlorine 


Property 

Value 

CAS Registry number 

[7782-50-5] 

Atomic number 

17 

Atomic weight 

35.453 

Stable isotope abundance, atom% 

35CI 

75.53 

37C1 

24.47 

Electronic configuration in ground state 

[Ne]3s23p5 

Melting point, °C 

-100.98 

Boiling point at 101.3 kPa (°C) 

-33.97 

Gas density relative to air 

2.48 

Critical density, kg m“^ 

573 

Critical pressure, kPa 

7977 

Critical volume, m^ kg"^ 

0.001745 

Critical temperature, °C 

143.75 

Critical compressibility 

0.284777 

Gas density, kg m”^ at °C and 101.3 kPa 

3.213 

Gas viscosity, mPas at 20°C 

0.0134 

Liquid viscosity, mPas at 20° C 

0.346 

Gas thenrial conductivity at 20°C, W m“^ 

0.00866 

Liquid thermal conductivity at 20°C, W m“^ 

0.120 

Latent heat of vaporization, kj kg” ^ 

287.75 

Latent heat of fusion, kj kg” ^ 

90.33 

Heat of dissociation, kJ mol” ^ 

2.3944 

Heat of hydration of Cl”, kJ mol” ^ 

405.7 

Standard electrode potential, V 

1.359 

Electron affinity, eV 

3.77 

Ionization energies, eV 

13.01,23.80, 39.90, 

Specific heat at constant pressure 

53.30, 67.80, 96.60, 
114.20 

0.481 

Specific heat at constant volume 

0.357 

Specific magnetic susceptibility at 20°C, m^ kg”^ 

-7.4 X 10”9 

Electrical conductivity of liquid at —70°C (ohm” ^ cm” ^) 

10”I6 

Dielectric constant at °C (wavelengths > 10 m) 

1.97 
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TABLE JL Thermodynamic Properties of Saturated Chlorine 


Temp. 

cc) 

Absolute 

pressure 

(kPa) 

Volume 
(m3 kg-') 


Enthalpy 

(kJkg-‘) 



Entropy 
(kJkg-' K-‘) 


Liquid 

Vapor 

Liquid 

Vaporization 

Vapor 

Liquid 

Vaporization 

Vapor 

-90 

3.5785 

0.00058670 

5.9925 

182.46 

318.96 

501.43 

1.5688 

1.7414 

3.3102 

-85 

5.3042 

0.00059088 

4.1511 

187.58 

316.02 

503.60 

1.5963 

1,6795 

3.2759 

-80 

7.6791 

0.00059517 

2.9417 

192.64 

313.13 

505.78 

1.6229 

1.6211 

3.2440 

-75 

10.879 

0.00059955 

2.1283 

197.66 

310.29 

507.95 

1.6485 

1.5658 

3.2144 

-70 

15.111 

0.00060403 

1.5694 

202.64 

307.48 

510.12 

1,6733 

1.5135 

3.1868 

-65 

20,610 

0.00060863 

1.1775 

207.58 

304.70 

512.29 

1.6973 

1.4638 

3.1611 

-60 

27.642 

0.00061334 

0.89779 

212.49 

301.95 

514.44 

1.7206 

1.4165 

3.1371 

-55 

36.502 

0.00061816 

0.69460 

217.38 

299.20 

516.58 

1.7432 

1.3714 

3.1147 

-50 

47.517 

0.00062311 

0.54470 

222.25 

296.46 

518.71 

1.7652 

1.3284 

3.0937 

-45 

61.041 

0.00062820 

0.43249 

227.10 

293.71 

520.81 

1.7867 

1.2873 

3.0740 

-40 

77.456 

0.00063341 

0.34736 

231.94 

290.95 

522.89 

1.8077 

1.2478 

3.0555 

-35 

97.171 

0.00063877 

0.28194 

236.78 

288.17 

524.95 

1.8281 

1.2100 

3.0381 

-34.05 

101.32 

0.00063981 

0.27129 

237.69 

287.64 

525.34 

1.8320 

1.2079 

3.0349 

-30 

120.61 

0.00064429 

0.23109 

241.61 

285.37 

526.98 

1.8481 

1.1735 

3.0217 

-25 

148.25 

0.00064996 

0.19113 

246.44 

282.53 

528.97 

1.8677 

1.1385 

3.0062 

-20 

180.54 

0.00065580 

0.15940 

251.28 

279.65 

530.93 

1.8869 

1.1046 

2.9916 

-15 

218.00 

0.00066182 

0.13396 

256.12 

276.72 

532.85 

1.9058 

1.0719 

2.9777 

-10 

261.13 

0.00066802 

0.11339 

260.97 

273.74 

534.72 

1.9243 

1.0402 

2.9645 

-5 

310.45 

0.00067442 

0.096617 

265.83 

270.70 

536.54 

1.9424 

1.0095 

2.9519 

0 

366.53 

0.00068104 

0.082826 

270.71 

267.60 

538.31 

1.9603 

0.97965 

2.9400 

5 

429.90 

0.00068788 

0.071406 

275.60 

264.42 

540.02 

1.9779 

0.95061 

2.9285 

10 

501.14 

0.00069496 

0.061882 

280.51 

261.16 

541.67 

1.9952 

0.92231 

2.9175 

15 

580.83 

0.00070229 

0.053888 

285.44 

257.81 

543.26 

2.0123 

0.89469 

2.9070 

20 

669.55 

0.00070990 

0.047136 

290.39 

254.37 

544.77 

2.0291 

0.86769 

2.8968 

25 

767.92 

0.00071781 

0.041400 

295.38 

250.82 

546.20 

2.0457 

0.84123 

2.8870 

30 

876.53 

0.00072603 

0.036499 

300.39 

247.16 

547.56 

2.0621 

0.81528 

2.8774 

35 

996.02 

0.00073460 

0.032290 

305.45 

243.37 

548.82 

2.0784 

0.78976 

2.8681 

40 

1127.0 

0.00074354 

0.028657 

310.54 

239.44 

549.99 

2.0945 

0.76461 

2.8591 

45 

1270.1 

0.00075288 

0.025506 

315.68 

235.37 

551.06 

2.1104 

0.73979 

2.8502 

50 

1426.0 

0.00076267 

0.022760 

320.88 

231.13 

552.01 

2.1262 

0.71522 

2.8415 

55 

1595.5 

0.00077294 

0.020358 

326.14 

226.71 

552.85 

2.1420 

0.69085 

2.8329 

60 

1779.0 

0.00078376 

0.018246 

331.47 

222.09 

553.56 

2.1577 

0.66661 

2.8243 

65 

1977.4 

0.00079517 

0.016383 

336.88 

217.24 

554.13 

2.1733 

0.64243 

2.8158 

70 

2191.4 

0.00080725 

0.014732 

342.39 

212.15 

554.55 

2.1890 

0.61823 

2.8072 

75 

2421.6 

0.00082008 

0.013263 

348.01 

206.78 

554.80 

2.2047 

0.59394 

2.7987 

80 

2668.9 

0.00083376 

0.011952 

353.75 

201.10 

554.86 

2.2205 

0.56944 

2.7900 

85 

2934.0 

0.00084842 

0.010777 

359.64 

195.07 

554.72 

2.2364 

0.54465 

2.7811 

90 

3217.7 

0.00086421 

0.0097201 

365.70 

188,64 

554.35 

2.2526 

0.51944 

2.7720 

95 

3520.8 

0.00088134 

0.0087645 

371.96 

181.74 

553.71 

2.2689 

0.49366 

2.7626 

100 

3844.2 

0.00090006 

0.0078972 

378.45 

174.32 

552.77 

2.2857 

0.46714 

2.7528 

105 

4188.8 

0.00092071 

0.0071062 

385.21 

166.26 

551.48 

2.3028 

0.43967 

2.7425 

no 

4555.3 

0.00094378 

0.0063808 

392.30 

157.46 

549.76 

2.3206 

0.41095 

2.7315 

115 

4944.9 

0.00086995 

0.0057111 

399.80 

147.73 

547.54 

2.3390 

0.38060 

2.7196 

120 

5358.4 

0.0010003 

0.0050871 

407.81 

136.84 

544.66 

2.3585 

0.34807 

2.7066 

125 

5796.9 

0.0010365 

0.0044986 

416.48 

124.43 

540.91 

2.3793 

0.31251 

2.6918 

130 

6261.4 

0.0010820 

0.0039324 

426.08 

109.84 

535.92 

2.4020 

0.27244 

2.6744 

135 

6753.1 

0.0011440 

0.0033671 

437.13 

91.755 

528.89 

2.4279 

0,22480 

2.6527 

140 

7273.1 

0.0012467 

0.0027471 

451.19 

66.265 

517.45 

2.4606 

0.16038 

2.6210 

144 

7710.9 

0.0017455 

0.0017455 

483.27 

00.000 

483.27 

2.5364 

0.00000 

2.5364 
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TABLE J2. Equilibrium Constant K for the 
Reaction Cl 2 (g) = Cl 2 (aq) 


Temperature (°C) 

from ref. [1] 

/(T from ref. [2] 

10 

0.116 


15 

0.0935 


20 

0.0775 


25 

0.0623 

0.0553 

40 


0.0356 

60 


0.0229 

80 


0.0171 


[11 R.P. Whitney and J.E. Vivian, Ind. Eng. Chem. 33, 741 (1941). 
[2] A. Cerquetti et ai, J. Electrvanal. Chem. 20,411 (1969). 
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FIGURE Jl. Solubility of chlorine in water. (F.W. Adams and R.G. Edmonds, Ind. Eng. Chem. 29, 447 
(1937).) 
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H2SO4 Concentration (wt%) 

FIGURE 32. Solubility of chlorine in aqueous H 2 SO 4 at 1 atm. (Data from International Critical Tables, 
Vol. Ill, p. 256, McGraw-Hill Book Co., New York (1928).) 
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FIGURE J3. Density of chlorine gas. (Data from A.S. Ross and O. Maas, Can. J. Res, 18, section B, 
55 (1940).) 
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FIGURE J4. Density of liquid chlorine. (H. Wagenbreth, PTB—^Mitteilungen, 78(2), 91 (1968).) 
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FIGURE J5. Density of saturated liquid chlorine. (R.M. Kapoor and J.J. Martin, Thermodynamic Properties 
of Chlorine^ Engineering Research Institute, University of Michigan, Ann Arbor, MI (1957).) 
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FIGURE J6. Viscosity of liquid chlorine and chlorine gas. (Courtesy of Japan Soda Industry Association.) 
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FIGURE J7. Vapor pressure and specific gravity of liquid chlorine. (Courtesy of Japan Soda Industry 
Association.) 
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FIGURE J8. Heat of evaporation of liquid chlorine. (Courtesy of Japan Soda Industry Association.) 
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-100 0 100 200 


Temperature (°C) 

FIGURE J9. Specific heat capacity of chlorine gas at constant pressure. (R.M. Kapoor and J.J. Martin, 
Thermodynamic Properties of Chlorine, Engineering Research Institute, University of Michigan, Ann Arbor, 
MI (1957).) 
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FIGURE JIO. Specific heat capacity of chlorine gas at constant volume (ideal gas state). (R.M. Kapoor and 
J.J. Martin, Thermodynamic Properties of Chlorine, Engineering Research Institute, University of Michigan, 
Ann Arbor, MI (1957).) 
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FIGURE J11. Thermal conductivity of chlorine gas and liquid, (C.Y. Ho, R.W. Powell, and P.E. Liley, 7. Phys. 
Chem. Ref. Data 3 (Suppl. 1), 226 (1974),) 


K, HYDROGEN 


TABLE Kl. Physical Properties of Gaseous Hydrogen 
at 101.3 kPa 


Property 

Value 

Density at 0°C, (molcm”^) x 10^ 

0,04460 

Compressibility factor at 0°C 

1.00042 

Adiabatic compressibility at 300 K, MPa“^ 

7.03 

Coefficient of volume expansion at 300 K, 

0.00333 

Cp at0°c, Jmol-K“l 

28,59 

Cv at0°C, Jmol-K-' 

20.30 

Enthalpy at 0°C, J mol“^ 

7749.2 

Internal energy at 0°C, J mol“ ^ 

5477.1 

Entropy at 0°C 

139.59 

Velocity of sound at 0®C, m 

1246 

Viscosity at 0°C, cp 

0.00834 

Thermal conductivity at O'^C, mW cm“^ 

1.740 

Dielectric constant at O'^C 

1.000271 

Isothermal compressibility at 300 K, MPa“^ 

-9.86 

Self-diffusion coefficient at 0°C, cm^ s“^ 

1.285 

Gas diffusivity in water at 25°C, cm^ s“^ 

4.8 X 10-^ 

Heat of dissociation at 25°C, kj mol“^ 

435.881 
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FIGURE KI. Solubility of hydrogen in water at 1 atm. 
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FIGURE K2. Explosive limits for H2^l2-0^^\ H 2 -Cl 2 -N^^\ and H 2 -Gl 2 -air( 2 ) mixtures. 

Notes: (1) R.B. MacMullin, Electrolysis of Brines in Mercury Cells. In J. Sconce (ed.), Chlorine, ACS 
monograph 154, Reinhold Publishing Co., New York (1962), p. 127. (2) Soda Handbook, p. 723, Japan Soda 
Industry Association, Tokyo (1998). 
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FIGURE K3. Vapor heat capacity of hydrogen, nitrogen, and oxygen. (From C.L. Yaws, Physical Properties, 
A Guide to the Physical, Thermodynamic and Transport Data of Industrially Important Chemical Compounds, 
McGraw-Hill Publishing Co., New York (1977).) 
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FIGURE K4. Vapor viscosity of hydrogen, nitrogen, and oxygen. (From C.L. Yaws, Physical Properties, A 
Guide to the Physical, Thermodynamic and Transport Data of Industrially Important Chemical Compounds, 
McGraw-Hill Publishing Co., New York (1977).) 



FIGURE K5. Vapor thermal conductivity of hydrogen, nitrogen, and oxygen. (From C.L. Yaws, Physical 
Properties, A Guide to the Physical, Thermodynamic and Transport Data of Industrially Important Chemical 
Compounds, McGraw-Hill Publishing Co., New York (1977).) 
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L, SULFURIC ACID 


TABLE LI. Density of Solutions of H2SO4 


% 

H 2 S 04 



Temperature, 




0 

20 

25 

40 

60 

80 

100 

5 

1.0364 

1.0317 

1.0300 

1.0240 

1.0140 

1.0022 

0.9888 

10 

1.0735 

1.0661 

1.0640 

1.0570 

1.0460 

1.0338 

1.0204 

15 

1.1116 

1.1020 

1.0994 

1.0914 

1.0798 

1.0671 

1.0537 

20 

1.1510 

1.1394 

1.1365 

1.1275 

1.1153 

1.1021 

1.0855 

25 

1.1914 

1.1783 

1.1750 

1.1653 

1.1523 

1.1388 

1.1250 

30 

1.2326 

1.2185 

1.2150 

1.2046 

1.1909 

1.1771 

1.1630 

35 

1.2746 

1.2599 

1.2563 

1.2454 

1.2311 

1.2169 

1.2027 

40 

1.3179 

1.3028 

1.2991 

1.2880 

1.2732 

1.2589 

1.2446 

45 

1.3630 

1.3476 

1.3437 

1.3325 

1.3177 

1.3029 

1.2886 

50 

1.4110 

1.3951 

1.3911 

1.3795 

1.3644 

1.3494 

1.3348 

55 

1.4619 

1.4453 

1.4412 

1.4293 

1.4137 

1.3984 

1.3834 

60 

1.5154 

1.4983 

1.4940 

1.4816 

1.4656 

1.4497 

1.4344 

65 

1.5714 

1.5533 

1.5490 

1.5361 

1.5195 

1.5031 

1.4873 

70 

1.6293 

1.6105 

1.6059 

1.5925 

1.5753 

1.5582 

1.5417 

75 

1.6888 

1.6692 

1.6644 

1.6503 

1.6322 

1.6142 

1.5966 

80 

1.7482 

1.7272 

1.7221 

1.7069 

1.6873 

1.6680 

1.6493 

85 

1.8009 

1.7786 

1.7732 

1.7571 

1.7364 

1.7161 

1.6966 

90 

1.8361 

1.8144 

1.8091 

1.7933 

1.7729 

1.7525 

1.7331 

95 

1.8544 

1.8337 

1.8286 

1.8137 

1.7944 



96 

1.8560 

1.8355 

1.8305 

1.8157 

1.7965 



97 

1.8569 

1.8364 

1.8314 

1.8166 

1.7977 



98 

1.8567 

1.8361 

1.8310 

1.8163 

1.7976 



99 

1.8551 

1.8342 

1.8292 

1.8145 

1.7958 



100 

1.8517 

1.8305 

1.8255 

1.8107 

1.7922 





Concentration of H2SO4 (wt%) 


FIGURE LI. Viscosity of sulfuric acid solutions. (Data from Bright etaL, J. Soc. Chem. Ind., 65, 385 (1946); 
International Critical Tables, Vol. 5, pp. 11-13, McGraw-Hill Book Co., New York (1929); Z Physik. Chem. 
Neue Folge, 3, 52 (1955).) 
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FIGURE L2. Specific heat of sulfuric acid solutions. (Socilik, Z Physik. Chem. Neue Folge, 158A, 305 
(1932); Perry, Chemical Engineers' Handbook^ 3rd ed., p. 234, McGraw-Hill, New York (1950).) 
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FIGURE L3. Vapor pressure of sulfuric acid solutions. 
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FIGURE L4. Enthalpy of sulfuric acid solutions. (Data from Broughton, Chem. MetalL, 52(4), 123 (1945); 
Miles et al., Trans. Faraday. Soc., 40, 281 (1944); Morgen, Ind. Eng. Chem, 34, 571 (1942); Ross, Ind. Eng. 
Prog., 48, 314 (1952).) 
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FIGURE L5. Freezing point of sulfuric acid solutions. (From C. Gable, H.F. Betz, and S.H. Morgan, J. Amer. 
Chem. Soc., 72, 1445 (1950).) 
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FIGURE L6. Heat generation when water is added to sulfuric acid solutions. 


M. HYDROCHLORIC ACID 
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FIGURE MI. Heat capacity of anhydrous hydrogen chloride gas. 
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Temperature (°C) 

FIGURE M2. Heat capacity of anhydrous liquid hydrogen chloride. 



Temperature ('’C) 


FIGURE M3. Enthalpy of anhydrous hydrogen chloride. 
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Temperature (""C) 

FIGURE M4. Solubility of HCl in water. (Data quoted from SeidelPs Solubilities, VoL 1»4th ed., W.F. Linke 
(ed.), p. 1108, Amer. Chem. Soc., Washington, DC (1958).) 
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FIGURE M5. Viscosity of hydrochloric acid solutions. (Courtesy of Japan Soda Industry Association.) 
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FIGURE M6. Partial pressure of HCI and water over HCI solutions. (Courtesy of Japan Soda Industry 
Association.) 
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FIGURE M7. Specific heat of hydrochloric acid. (Courtesy of Japan Soda Industry Association.) 
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HCI Concentration {wt%) 


FIGURE M8. Freezing point of HCI solutions. 
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FIGURE M9. Surface tension of HCI solutions at 20°C. (From N.A. Lange, Handbook of Chemistry, 9th ed., 
p. 1652.) 
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FIGURE MIO. Conductivity of HCl solutions. (F. Hine, Electrode Processes and Electrochemical Engineer¬ 
ing, p. 74, Plenum Press, New York (1985).). 



FIGURE Mil. HCl concentration and temperature of azeotropic mixture of HCl and H 2 O. (Courtesy of Japan 
Soda Industry Association.) 
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N. NaOH + NaCl MIXTURES 



NaOH Concentration (g/l) 

FIGURE Nl. Specific gravity of saturated NaOH-NaCI solutions. (Courtesy of Japan Soda Industry 
Association.) 

O. BLEACH 



Active Chlorine (g/l) 


FIGURE Ol. Specific gravity of bleach solutions. (Courtesy of Japan Soda Industry Association.) 
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R SODIUM CARBONATE 


TABLE PI. Specific Gravity of Sodium Carbonate Solutions 


Na 2 C 03 

% 

Na2CO3*10H2O 

% 

^20/4 

j25/4 

Na 2 C 03 

gr‘ ( 20 °c) 

Na 2 C 03 

% 

^30/4 

1 

2.7 

1.0086 

1.0073 

10.09 

14 

1.1417 

2 

5.4 

1.0190 

1.0176 

20.39 

15 

1.1520 

3 

8.1 

1.0294 

1.0278 

30.88 

16 

1.1636 

4 

10.8 

1.0398 

1.0381 

41.59 

17 

1.1747 

5 

13.5 

1.0502 

1.0484 

52,51 

18 

1.1859 

6 

16.2 

1.0606 

1.0588 

63.64 

19 

1.1972 

7 

18.9 

1.0711 

1.0692 

74.98 

20 

1.2086 

8 

21.6 

1.0816 

1.0797 

86.53 

21 

1.2201 

9 

23.3 

1.0922 

1.0902 

98.20 

22 

1.2317 

10 

27.0 

1.1029 

1.1008 

110.30 

23 

1.2434 

11 

29.7 

1.1136 

1.1115 

122.50 

24 

1.2552 

12 

32.4 

1.1244 

1.1223 

137.90 

25 

1.2671 

13 

35.1 

1.1354 

1.1332 

147.60 

26 

1.2790 

14 

37.8 

1.1463 

1.1442 

160.50 

27 

1.2910 






28 

1.3031 






29 

1.3152 






30 

1.3274 


(with permission from Japan Soda Industry Association) 
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FIGURE PI. Viscosity of sodium carbonate solutions. (Courtesy of Japan Soda Industry Association.) 
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TABLE QL pH of Pure Water at Various Temperatures 


Temperature, 

pH 

Temperature, °C 

pH 

Temperature, °C 

pH 

0 

7.44 

120 

5.91 

240 

5.71 

20 

7.04 

140 

5.80 

260 

5.72 

40 

6.63 

160 

5.76 

280 

5.80 

60 

6.40 

180 

5.72 

300 

5.82 

80 

6.20 

200 

5.70 



100 

6.02 

220 

5.70 




(With permission from Japan Soda Industry Association) 


TABLE Q 2 . Water Vapor Pressure in mm Hg 


Temperature (°C) 



0.0 

0.1 

0.2 

0.3 

0.4 

0.5 

0.6 

0.7 

0.8 

0.9 

0 

4.579 

4.613 

4.647 

4.681 

4.715 

4.750 

4.785 

4.820 

4.855 

4.890 

1 

4.926 

4.962 

4.998 

5.034 

5.070 

5.107 

5.144 

5.181 

5.219 

5.256 

2 

5.294 

5.332 

5.370 

5.408 

5.447 

5.486 

5.525 

5.565 

5.605 

5.645 

3 

5.685 

5.725 

5.766 

5.807 

5.848 

5.889 

5.931 

5.973 

6.015 

6.058 

4 

6.101 

6.144 

6.187 

6.230 

6.274 

6.318 

6.363 

6.048 

6.453 

6.498 

5 

6.543 

6.589 

6.635 

6.681 

6.728 

6.775 

6.822 

6.869 

6.917 

6.965 

6 

7.013 

7.062 

7.111 

7.160 

7.209 

7.259 

7.309 

7.360 

7.411 

7.462 

7 

7.513 

7.565 

7.617 

7.669 

7.722 

7.775 

7.828 

7.882 

7.936 

7.990 

8 

8.045 

8.100 

8.155 

8.211 

8.267 

8.323 

8.380 

8.437 

8.494 

8.551 

9 

8.609 

8.668 

8.727 

8.786 

8.845 

8.905 

8.965 

9.025 

9.086 

9.147 

10 

9.209 

9.271 

9.333 

9.395 

9.458 

9.521 

9.585 

9.649 

9.714 

9.779 

11 

9.844 

9.910 

9.976 

10.042 

10.109 

10.176 

10.244 

12.312 

10.380 

10.449 

12 

10.518 

10.588 

10.658 

10.728 

10.799 

10.870 

10.941 

11.013 

11.085 

11.158 

13 

11.231 

11.305 

11.379 

11.453 

11.528 

11.604 

11.680 

11.756 

11.833 

11.910 

14 

11.987 

12.065 

12.144 

12.223 

12.302 

12.382 

12.462 

12.543 

12.624 

12.706 

15 

12.788 

12.870 

12.953 

13.037 

13.121 

13.205 

13.290 

13.375 

13.461 

13.547 

16 

13.634 

13.721 

13.809 

13.898 

13.987 

14.076 

14.166 

14.256 

14.347 

14.438 

17 

14.530 

14.622 

14.715 

14.809 

14.903 

14.997 

15.092 

15.188 

15.284 

15.380 

18 

15.477 

15.575 

15.673 

15.772 

15.871 

15.971 

16.071 

16.171 

16.272 

16.374 

19 

16.477 

16.581 

16.685 

16.789 

16.894 

16.999 

17.105 

17.212 

17.319 

17.427 

20 

17.535 

17.644 

17.753 

17.863 

17.974 

18.085 

18.197 

18.309 

18.422 

18.536 

21 

18.650 

18.765 

18.880 

18.996 

19.113 

19.231 

19.349 

19.468 

19.587 

19.707 

22 

19.827 

19.948 

20.070 

20.193 

20.316 

20.440 

20.565 

20.690 

20.815 

20.941 

23 

21.068 

21.196 

21.324 

21.453 

21.583 

21.714 

21.845 

21.977 

22.110 

22.243 

24 

22.377 

22.512 

22.648 

22.785 

22.922 

23.060 

23.198 

23.337 

23.476 

23.616 

25 

23.756 

23.897 

24.039 

24.182 

24.326 

24.471 

24.617 

24.764 

24.912 

25.060 

26 

25.209 

25.359 

25.509 

25.660 

25.812 

25.964 

26.117 

26.271 

26.426 

26.582 

27 

26.739 

26.897 

27.055 

27.214 

27.374 

27.535 

27.696 

27.858 

28.021 

28.185 

28 

28.349 

28.514 

28.680 

28.847 

29.015 

29.184 

29.354 

29.525 

29.697 

29.870 

29 

30.043 

30.217 

30.392 

30.568 

30.745 

30.923 

31.102 

31.281 

31.461 

31.642 

30 

31.824 

32.007 

32.191 

32.376 

32.561 

32.747 

32.934 

33.122 

33.312 33.503 

(continued) 
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TABLE Q2. continued 


Temperature ('^C) 



0.0 

0.1 

0.2 

0.3 

0.4 

0.5 

0.6 

0.7 

0.8 

0.9 

31 

33.695 

33.888 

34.082 

34.276 

34.471 

34.667 

34.864 

35.062 

35.261 

35.462 

32 

35.663 

35.865 

36.068 

36.272 

36.477 

36.683 

36.891 

37.099 

37.308 

37.518 

33 

37.729 

37.942 

38.155 

38.369 

38.584 

38.801 

39.018 

39.237 

39.457 

39.677 

34 

39.898 

40.121 

40.344 

40.569 

40.796 

41.023 

41.251 

41.480 

41.710 

41.942 

35 

42.175 

42.409 

42.644 

42.880 

43.117 

43.355 

43.595 

43.836 

44.078 

44.320 

36 

44.563 

44.808 

45.054 

45.301 

45.549 

45.799 

46.050 

46.302 

46.556 

46.811 

37 

47.067 

47.324 

47.582 

47.841 

48.102 

48.364 

48.627 

48.891 

49.157 

49.424 

38 

49.692 

49.961 

50.231 

50.202 

50.774 

51.048 

51.323 

51.600 

51.879 

52.160 

39 

54.442 

52.725 

53.009 

53.294 

53.580 

53.867 

54.156 

54.446 

54.737 

55.030 

40 

55.324 

55.61 

55.91 

56.21 

56.51 

56.81 

57.11 

57.41 

57.72 

58.03 

41 

58.34 

58.65 

58.96 

59.27 

59.58 

59.90 

60.22 

60.54 

60.86 

61.18 

42 

61.50 

61.82 

62.14 

62.47 

62.80 

63.13 

63.46 

63.79 

64.12 

64.46 

43 

64.80 

65.14 

65.48 

65.82 

66.16 

66.51 

66.86 

67.21 

67.56 

67.91 

44 

68.26 

68.61 

68.97 

69.33 

69.69 

70.05 

70.41 

70.77 

71.14 

71.51 

45 

71.88 

72.25 

72.62 

72.99 

73.36 

73.74 

74.12 

74.50 

74.88 

75.26 

46 

75.65 

76.04 

76.43 

76.82 

77.21 

77.60 

78.00 

78.40 

78.80 

79,20 

47 

79.60 

80.00 

80.41 

80.82 

81.23 

81.64 

82.05 

82.46 

82.87 

83.29 

48 

83.71 

84.13 

84.56 

84.99 

85.42 

•85.85 

86.28 

86.71 

87.14 

87,58 

49 

88.02 

88.46 

88.90 

89.34 

89.79 

90.24 

90.69 

91.14 

91.59 

92.05 

50 

92.51 

92.97 

93.43 

93.89 

94.36 

94.82 

95.29 

95.77 

96.24 

96.72 

51 

97.20 

97.68 

98.16 

98.64 

99.13 

99.62 

100.11 

100.60 

101.10 

101.59 

52 

102.09 

102.59 

103.10 

103.60 

104.11 

104.62 

105.13 

105.64 

106.16 

106.68 

53 

107.20 

107.72 

108.24 

108.76 

109.29 

109.82 

110.35 

110.89 

111.43 

111.97 

54 

112.51 

113.05 

113.59 

114.14 

114.69 

115.24 

115.80 

116.36 

116.92 

117.48 

55 

118.04 

118.60 

119.16 

119.73 

120.31 

120.89 

121.47 

122.05 

122.63 

123.21 

56 

123.80 

124.40 

124.99 

125.58 

126.18 

126.78 

127.38 

127.99 

128.60 

129,21 

57 

129.82 

130.44 

131.06 

131.68 

132.30 

132.92 

133.55 

134.18 

134.81 

135.45 

58 

136.08 

136.72 

137.36 

138.01 

138.66 

139.31 

139.96 

140.62 

141.28 

141.94 

59 

142.60 

143.27 

143.94 

144.61 

145.28 

145.96 

146.64 

147.32 

148.00 

148,69 

60 

149.38 

150.07 

150.77 

151.47 

152.17 

152.87 

153.58 

154.29 

155.00 

155.71 

61 

156.43 

157.15 

157.87 

158.59 

159.32 

160.06 

160.80 

161.58 

162.28 

163.02 

62 

163.77 

164.52 

165.27 

166.02 

166.78 

167.54 

168.30 

169.07 

169.84 

170.61 

63 

171.38 

172.16 

172.94 

173.73 

174.52 

175.31 

176.10 

176.90 

177.70 

178,50 

64 

179.31 

180.11 

180.92 

181.74 

182.56 

183.38 

184.20 

185.03 

185.86 

186.70 

65 

187.54 

188.38 

189.22 

190.06 

190.91 

191.77 

192.63 

193.49 

194.35 

195.42 

66 

196.09 

196.96 

197.84 

198.72 

199.60 

200.48 

201.37 

202.26 

203,16 

204.06 

67 

204.96 

205.87 

206.78 

207.69 

208.61 

209.53 

210.45 

211.37 

212.30 

213.23 

68 

214.17 

215.11 

216.06 

217.01 

217.96 

218.91 

219.87 

220.83 

221.79 

222.76 

69 

223.73 

224.71 

225.69 

226.67 

227.66 

228.65 

229.65 

230.65 

231.65 

232,65 

70 

233.7 

234.7 

235.7 

236.7 

237.8 

238.8 

239.8 

240.9 

241,9 

242.9 

71 

243.9 

245.0 

246.0 

247.1 

248.1 

249.2 

250.3 

251.4 

252.4 

253.5 

72 

254.6 

255.7 

256.8 

257.9 

259.0 

260.1 

261.2 

262.3 

263.5 

264.6 

73 

265.7 

266.8 

268.0 

269.1 

270.3 

271.4 

272.6 

273.7 

274.9 

276,0 

74 

277.2 

278.4 

279.5 

280.7 

281.9 

283.1 

284.3 

285.5 

286,7 

287.9 

75 

289.1 

290.3 

291.5 

292.8 

294.0 

295.2 

296.5 

297.7 

298.9 

300.2 

76 

301.4 

302.7 

303.9 

305.2 

306.5 

307.7 

309.0 

310.3 

311.6 

312.9 

77 

314.1 

315.4 

316.7 

318.0 

319.3 

320.7 

322.0 

323.3 

324.7 326.0 

(continued) 
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TABLE Q2. continued 


Temperature (°C) 



0.0 

0.1 

0.2 

0.3 

0.4 

0.5 

0.6 

0.7 

0.8 

0.9 

78 

327.3 

328.7 

330.0 

331.4 

332.7 

334.1 

335.5 

336.8 

338.2 

339.6 

79 

341.0 

342.4 

343.8 

345.2 

346.6 

348.0 

349.4 

350.8 

352.2 

353.7 

80 

355.1 

356.5 

358.0 

359.4 

360.9 

362.4 

363.8 

365.3 

366.8 

368.3 

81 

369.7 

371.2 

372.7 

374.2 

376.7 

377.3 

379.8 

380.3 

381.8 

383.4 

82 

384.9 

386.4 

388.0 

389.5 

391.1 

392,7 

394.2 

395.8 

397.4 

399.0 

83 

400.6 

402.2 

403.8 

405.4 

407.0 

408.6 

410.3 

411.9 

413.5 

415.2 

84 

416.8 

418.4 

420.1 

421.7 

423.4 

425.1 

426.8 

428.5 

430,2 

431.9 

85 

433.6 

453.3 

437.0 

438.7 

440.5 

442.2 

443.9 

445.7 

447.4 

439.2 

86 

450.9 

452.6 

454.4 

456.2 

458.0 

459.7 

461.5 

463.3 

465.1 

466.9 

87 

468.7 

470.5 

472.3 

474.1 

476.0 

477.8 

479.7 

481.5 

483.4 

485.2 

88 

487.1 

489.0 

490.9 

492.7 

494.6 

496.5 

498.4 

500.3 

502.3 

504.2 

89 

506.1 

508.0 

510.0 

511.9 

513.9 

515.9 

517.8 

519.8 

521.8 

522.8 

90 

525.76 

527.76 

529.77 

531.78 

533.80 

535.82 

537.86 

539.90 

541.95 

544.00 

91 

546.05 

548.11 

550.18 

552.26 

554.35 

556.44 

558.53 

560.64 

562.75 

564.87 

92 

566.99 

569.12 

571.26 

573.40 

575.55 

577.71 

579.87 

582.04 

584.22 

586.41 

93 

588.60 

590.80 

593.00 

595.21 

597.43 

599.66 

601.89 

604.13 

606.38 

608.64 

94 

610.90 

613.17 

615.44 

617.72 

620.01 

622.31 

624.61 

626.92 

629.24 

631.57 

95 

633.90 

636.24 

638.59 

640.94 

643.30 

645.67 

648.05 

650.43 

652.82 

655.22 

96 

657,62 

660.03 

662.45 

664.88 

667.31 

669.75 

672.20 

674.66 

677.12 

679.59 

97 

682.07 

684.55 

687.04 

689.54 

692.05 

694.57 

697.10 

699.63 

702.17 

704.71 

98 

707.27 

709.83 

712.40 

714.98 

717.56 

720.15 

722.75 

725.36 

727.98 

730.61 

99 

733.24 

735.88 

738.53 

741.18 

743.85 

746.52 

749.20 

751.89 

754.58 

757.29 

100 

760.00 

762.72 

765.45 

768.19 

770.93 

773.68 

776.44 

779.22 

782.00 

784.78 

101 

787.57 

790.37 

793.18 

796.00 

798.82 

801.66 

804.50 

807.35 

810.21 

813.08 


R. MISCELLANEOUS 


TABLE RL Solubility of Barium Salts in 
g/100gH2O 


Temperature, 

BaCl2*2H20 

BaCOs 

BaS 04 

0 

23.8 


0.00115 

8.8 


0.0016 


10 

25.0 


0.002 

18 


0.0022 


20 

26.3 


0.0024 

25 

27.1 


0.00223 

30 

27.7 

0.0014 

0.00285 

40 

28.9 



50 



0.00336 

60 

31.6 



80 

34.3 



100 

37.5 


0.0039 
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TABLE R2. Solubility of Calcium Sulfate in NaCl 
Solution 


Specific gravity 

NaCl (g/lOOcc) 

CaS04 (g/lOOcc) 

0.9998 

0.000 

0.212 

1.0644 

9.115 

0.666 

1.0981 

14.399 

0.718 

1.1012 

14.834 

0.716 

1.1196 

17.650 

0.712 

1.1488 

22.876 

0.670 

1.1707 

26.417 

0.650 

1.2034 

32.049 

0.572 


(With permission from Japan Soda Industry Association) 


TABLE R3, Equivalent Conductance of Ions in Solutions of Infinite Dilution 


Cations 

o°c 

25°C 

100“C 

Anions 

o°c 

25°C 

100°C 

H+(H20) 

225.0 

349.7 

637 

OH- 

105 

200 

446 

Li+ 

19.1 

38.68 

120 

F" 


55.6 


Na+ 

25.85 

50.1 

150 

cr 

41.4 

76.3 

207 

K+ 

40.3 

73.5 

200 

CIO" 

36 

64 

172 

Rb+ 

43.5 

76.4 


C104 

37.3 

68 

179 

Cs+ 

44 

76.8 

200 

Br" 

43.1 

78.3 


NH+ 

40.3 

73.7 

184.3 

BrOJ 

31 

56 

155 

(l/2)Mg2+ 

28.5 

53.06 

170 

I" 

42 

76.8 


(l/2)Ca2+ 

30.8 

59.50 

187 

10 - 

21 

41 

127 

(l/2)Ba2+ 

33.6 

63.7 

200 



55.6 


(l/3)Ce3+ 


67 


(1/2)S02- 

41 

79.8 

256 

(l/3)Cr3+ 


67 


NO3 

40.2 

71.42 

189 

(l/2)Mn2+ 

27 

53.5 


H2POJ 


36 


(l/2)Fe2+ 

28 

53.5 


(1/2 )HPo 2- 


57 


(l/3)Fe5+ 


68 


HCO" 


44.5 


(1/2 )Co 2+ 

28 

54 


(1/2 )Co 2- 

36 

72 


(l/2)Ni2+ 

28 

54 


CN- 


78 


(1/2 )Cu 2+ 

28 

56 


(l/2)Cr02- 

42 

85 


Ag+ 

33 

61.9 

180 

(1/2 )Mo 02- 


74.5 


(l/2)Zn2+ 

28 

53.5 


MnO~ 

36 

62.8 


(l/2)Cd2+ 

28 

54 


CH3COO- 

20 

41 

130 

T1+ 

43.3 

74.9 


HCOO" 


47 at 18°C 


(l/2)Pb2+ 

37.5 

70 


(1/2)C202- 


63 at 18°C 



Source: From F. Mine, Electrode Processes and Electrochemical Engineering, Plenum Press, New York 
(1985), p. 77. 
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TABLE R4. Ion Hydration Energy and Number of 
Waters of Hydration 



Hydration energy 
(kcal/g ion) 

Number of waters 
of hydration 

H+ 

255 

4 

Li+ 

131 

6 

Na+ 

97 

4 

K+ 

77 

2-3 

Rb+ 

73 

2 

Ag+ 


3-4 

Mg2+ 


9-13 



8-10 

Ba^+ 


6-8 

Zn2+ 


11-13 

Fe2+ 


11-13 



11-13 

Cd2+ 


10-12 

Pb^+ 


5-7 

F“ 

123 

5 

Cl" 

83 

3 

Br“ 

73 

2 

I" 

63 

0-1 

CIO4 


0 

NO3 


2 


Source: From F. Hine, Electrode Processes and Electrochemical 
Engineering, Plenum Press, New York (1985), p, 194. 



Temperature (®C) 
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FIGURE Rl. Solubility of CaS04 in brines. 
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0 2 4 6 8 10 12 14 16 18 20 22 24 26 

NaCl Concentration (wt%) 


FIGURE R2. NaCl-Na2S04-H20 system at various temperatures. 



Temperature (°C) 


FIGURE R3. Solubility of sodium chloride, sodium carbonate, sodium bicarbonate, sodium sulfate, and 
ammonium chloride. (Courtesy of Japan Soda Industry Association.) 
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FIGURE R4. Specific gravity of calcium chloride solutions. (Courtesy of Japan Soda Industry Association.) 



0 2 4 6 8 10 12 14 


pH 

FIGURE R5. Conductivity vs pH of 3M KCl at constant temperature. (F. Hine, Electrode Processes and 
Electrochemical Engineering^ p. 80, Plenum Press, New York (1985).) 
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Absorption, 1070 
gas absorption, 885 
of chlorine 

in aqueous systems, 665 
in caustic solution, 901, 1378 
in organic solvents 
in CCI 4 , 885 
in others, 1479 
packed column, 1067 
penetration theory, 1068 
AC impedance, 147 
Aciplex® membranes, 307, 361 
Activated complex, 95 
Activated cathodes (see cathodes), 241, 244, 
251,252 

Active chlorine, 1349, 1386 
Activity coefficient, 1022 
potassium chloride, 1515 
potassium hydroxide, 1531 
sodium amalgam, 86 
sodium chloride, 1504 
sodium hydroxide, 1524 
Adaptive gain pH control system, 1103,1110 
Adiabatic change, 1017 
Adiabatic compression, 1058,1059 
Adsorbable organic halogens (AOX), 59,72 
Adsorption, 1074 
adsorption isotherms, 1075 
followed by chemical reaction, 1070 
continuous operation, 1079 
gas-phase adsorption, 1075 
liquid-phase adsorption, 1078 
Advanced Diaphragm Cell Technology 
(ADCT®), 410 
Air systems, 1196 
breathing air, 1200 
dry air, 1199 
instrument air, 1199 
plant air, 1196 
purified air, 1198 


Alkali-related chemicals 
inorganic, 15 
organic, 14 

Alkaline fuel cell, 1472 
Alternative processes, 1349 
caustic soda, 1389 
chlorine, 1351 
hypochlorite, 1372 
Aluminum busbar, 731 
Amalgam, sodium 
activity coefficient, 86 
amalgam butter, 194 

decomposition, 375, 378,404,447, 1149 
electrode process, 85,114 
Amalgam cell (see mercury cells) 

Amalgam process (see mercury cells) 

Analysis of process streams, 1287 

Analytical manual, 1225 

Annular flow (see flow patterns), 1055 

Angel curve, 287 

Anode adjustment system, 403 

Anodes (see coated anodes), 211 

Anodic protection, 1309 

Anticaking additive, 499 

Asahi Chemical Industries, see Asahi Kasei 

Asahi Glass membrane cells (AZEC® cell), 432 

Asahi Kasei membrane cells, 428 

Asbestos, 272, 296 

Asbestos diaphragm, 21, 272, 291 

Asbestos waste, 1413, 1445 

Atomic force microscopy, 150 

Avogadro’s number, 164 

Azeotropic mixtures (HCl + H 2 O), 1551 


B 

Backflow preventer, 1213 
Back-pulse filtration (see filtration), 603, 1475 
Barometric condenser, 1208 
Barium salts, 1556 
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Beer,H.B.,24,212 
Bell jar cell, 271 
Beneficiation of KCl, 489 
Bernoulli’s theorem, 1048 
Berthing and storage of membrane 
cells, 1254 
BiChlor® cell, 435 
Billiter cell, 21, 22 

Bipolar membrane cell, 27, 33, 388,405,413 
Bipolar diaphragm cell 
Dow cell, 405 
Glanor cell, 405 
BiTAC® cell, 431 
Black body, 1066 
Bleach, 11, 191,890, 1372 
chemical production, 1378 
decomposition, 1381 
electrochemical production, 1373 
filtration, 1385 

materials of construction, 1383 
specifications and analyses, 1386 
Blind current losses, 179, 193 
Bode plot/AC impedance, 150 
Boiler feed water, 1194 
Boiling points of solutions 
potassium chloride, 1514 
potassium hydroxide, 1527, 1528 
sodium chloride, 1507 
sodium hydroxide, 990, 1521 
Boiling point rise (BPR), 483, 969 
Boilout of diaphragm-cell evaporators, 1193 
Boltzman’s constant, 95 
Boolean algebra/truth table, 1433, 1434 
Boundary layer, 1053 
Breakdown/rupture potential, 1318 
Breakthrough/adsorption columns, 1079 
Breathing air, 1200, 1214 
Brine (NaCI or KCl solution) 
preparation, 495, 509 
composition of salt and brine, 529 
dissolving processes, 509, 1093,1234 
delivery of salt, 501 
selective dissolving, 519 
solution mining (see sulfate control), 515 
standard dissolvers, 511 
processing, 447 
depleted brine 
collection, 1107 
dechlorination, 1109 
destruction of chlorate, 1107 
concentrated brine 
circulation around cells, 447, 449 
concentrations in cells, 1092, 1274 
evaporation, 473,480 
feed to cells, 1104, 1111 
heating and cooling, 527 
pipelines, 528 


pumping, 527 
pure brine storage, 1101 
reverse osmosis, 472,478 
storage, 525, 1094, 1102 
evaporation, 480 

materials of construction, 486 
mechanical vapor-recompression, 484 
multiple-effect evaporation, 481 
thermal vapor recompression, 486 
vapor-recompression evaporation, 484 
quality 

anodes, 227, 354 
cathodes, 263, 354 
chemical analysis, 625 
frequency, 626 
composition of brine, 529 
diaphragms, 294, 
diaphragm cells, 294, 533 
impurities (see effects of brine impurities) 
aluminum, 653 
ammonia, 656 
bromide, 660 
fluoride, 659 
iodine, 661 
mercury, 658 
nickel and iron, 655 
nitrate, 665 
organics, 654 
silica/silicates, 651 
sulfate (see sulfate control), 634 
ion-exchange membranes, 353, 337, 341, 
342, 348, 354, 537 

membrane cells, 341, 342, 348, 354, 537 
mercury cells, 194, 195, 530, 531 
saturation (see brine preparation, dissolving 
systems) 

specifications, 194, 294, 341, 531, 

543, 1277 

diaphragm cells, 294, 533 
membrane cells, 341, 342, 348, 354, 537, 
1277 

mercury cells, 194, 195, 531 
treatment, 43,444, 465, 529, 545, 1097, 1234 
acidification, 626 
supply ofHCl, 631 
technical aspects, 627 
clarification, (also see clarifiers/thickeners), 
444, 564, 1097, 1234 
filtration, 587, 1099, 1235 
ion exchange, 446, 606,1236 
pH control, 1105, 1109, 1276 
precipitation, 545 
flocculation, 561 
process parameters, 556 
treating chemical supply, 552 
treating tank design, 559, 1097,1234 
thickening (see clarification) 
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waste disposal 
brine caverns, 1452 
filter cakes, 1457 
removal of mercury, 1456 
sludges, 1446 
Brine caverns, 517, 1452 
Brine dechlorination {see dechlorination) 
Bruggemann’s equation {see bubble effect), 
276, 1483 

Bubble effect {see Bruggemann’s equation), 
201, 1483 

Bubble flow {see flow patterns), 1055 
Building arrangement (cell room), 706 
Building ventilation, 712 
gravity ventilators, 712 
Busbar installation, 728 
aluminum, 731 
arrangement, 728 
assembly, 733 
capacity, 728 

comparison, aluminum and 
copper, 731 
copper, 731 

electromagnetic force, 734 
internal cell connections, 734 
Butler-Volmer equation, 97 
Bypass current {see parasitic current), 391 
Byproduct salt {see salt), 476 
Byproducts, 884, 995 
amalgam, 1003 
bleach, 890 

byproduct handling, 990 
calcium carbonate, 1006 
evaporator (CP) salt, 995 
ferric chloride, 892 
hydrochloric acid, 886, 1350 
sodium sulfate (Glauber’s salt), 997 


c 

Caking {see salt), 492, 499 
Calcium sulfate, 1557 
Calomel electrode, 92 
Carnot cycle, 1017, 1471 
Castner, H.Y., 30 

Catalytic Carrier Process, 1357, 1360 
Catalytic decomposition {see dechlorination), 
686 

Cathode depolarization, 933 
Cathode design, 23, 24,927 
Cathodes {see activated cathodes), 241,265 
amalgam cathode, 85, 114 
cathode design, 23,927 
composition/preparation, 251 
cost/performance, 246 
deactivation/stability, 248, 263 


depolarization, 933,1372, 1466 
effects of shutdowns, 263, 300 
electrocatalytic activity, 246 
insitu activation, 259 
low overvoltage cathodes, 244 
Ni-based alloy cathodes, 252, 256, 257 
oxide-coated cathodes, 258 
Raney Ni cathode, 252 
sulfide-coated cathodes, 259 
Cathodic protection, 1309 
Catholyte quality, 1287 
Catholyte system commissioning, 1237 
Caustic evaporation, 452, 968, 1159 
boiling point rise (BPR), 969 
commissioning, 1244 
control systems, 1159 
feed rate control, 1160 
packaged instrumentation, 1159 
product concentration control, 1162 
production rate control, 1159 
diaphragm-cell caustic, 974 
boilout and cleaning, 1193 
mechanical design, 974 
quadruple-effect example, 977 
KOH evaporation, 982 
membrane-cell caustic, 980 

double-effect heat and mass balance, 981 
multiple-effect evaporation, 969 
process design, 971 
types of evaporator, 971 
liquor flow paths, 973 
Caustic liquor processing, 947, 1152, 1204 
blending, 966 
centrifugation, 963 
pusher centrifuge, 963 
solid-bowl centrifuge, 964 
circulation, 1152, 1155 
collection and storage, 1152 
concentration in cells, 1274 
cooling, 958 

membrane-cell catholyte, 960 
range of duties, 961 
diaphragm-cell liquor, 962 
dilution, 966 

evaporation {see caustic evaporation), 968, 
1204 

filtration, 965 

materials of construction, 948 
piping, 953 
pumping, 957 
purification, 983, 986 
valves, 954 

Caustic soda/potash, 11, 15,41, 944 
product handling, 990,1150,1154 
anhydrous, 988 
boiling points, 990 
diaphragm-cell caustic, 945 
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Caustic soda/potash Contd. 
market/price, 58, 65 
materials of construction, 948 
membrane-cell caustic, 946 
mercury-cell caustic, 945 
processing, 11, 14, 41,451 
product handling, 990, 1150,1154 
purification, 983 
removal of chlorate, 986 
removal of metal ions, 986 
removal of salt by extraction, 983 
simultaneous production of NaOH and 
KOH, 448 

solid products (bulk, flake, prill), 987 
Caustic soda, production without chlorine, 1389 
causticization of soda ash, 1389 
electrochemical methods, 1393 
salt splitting, 1392 

Caustic waste liquor, 985, 1407, 1449 
Causticization of soda ash, 1389 
Cavitation damage (see corrosion), 1320 
Cell line working zone, 711 
Cell performance, 224,456 
Cell renewal, 753 
switching, 753 

transport of electrolyzers, 754 
Cell resistance (see cell voltage), 127 
Cell room systems design, 458, 745 
building ventilation, 712 
cell-to-cell variation, 463 
floor, roof, rows, walls, walkways, 707 
process control 
concentrations, 462 
pressure, 461 
temperature, 462 

Cell voltage and its components, 195, 200, 1272 
diaphragm cells, 206 
membrane cells, 206 
mercury cells, 206 
Centrifugal compressors, 1122 
Centrifuges, 1058 
Chemical hazards, 761 
Chemical potential, 77, 78, 1022 
Chemical supply (brine treatment) 
carbon dioxide, 552 
carbonates, 553 
hydroxides, 556 
Chilled water, 1188 

absorption refrigeration, 1191 
mechanical refrigeration, 1190 
steam-jet refrigeration, 1190 
thermal duty in chlorine cooling, 1189 
Chlor-alkali industry 
Brazil, 60 
Canada, 59 
China, 65 
Eastern Europe, 64 


India, 65 
Japan, 64 
Korea, 65 
Mexico, 60 
Middle East, 64 
Taiwan, 65 
United States, 52 
Western Europe, 60 
world, 47 

Chlorate decomposition, 118, 665, 

689, 1107 

destruction by HCl, 690 
destruction by reducing agents, 694 
miscellaneous methods of destruction, 695 
suppression of CIO 2 formation, 693 
Chlorate formation, 167, 191 
Chlorinated condensate, 789 
Chlorinated ethanes and methanes, 55 
Chlorination, 68 
Chlorine-based chemicals, 4, 11 
Chlorine butter, 747 

Chlorine, depressurization and evacuation of 
equipment, 1130 
Chlorine dioxide, 693 
Chlorine electrode process, 81, 109, 220 
Chlorine Emergency Plan (CHLOREP), 876 
Chlorine gas quality, 923, 1271 
Chlorine hazards, 1403,1438 
environmental fate, 1406 
liquid form, 1440 

mitigation of effects of release, 1438 
monitoring for exposure, 1404 
protective equipment, 1405 
risk assessment, 1443 
toxicity, 1439 
vapor form, 1438 
Chlorine header pressure, 1114 
Chlorine header safety, 1115 
Chlorine hydrate, 790, 839 
composition, 790 

effects in liquefaction systems, 846 
in liquefaction systems, 839 
region of existence, 791 
Chlorine processing, 40, 450, 765, 923, 

1113,1239 
absorption, 885 
applications, 4, 55, 57 
commissioning of systems (see under 
process step) 
dry systems, 1239 
pre-energization testing, 1238 
compression, 807, 1121, 1241, I486 
centrifugal compressors, 810 
materials of construction, 814 
mechanical specifications, 814 
performance curve, 813, 823 
surge, 813 
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control, 821,1122 
protective systems, 825 
pressure, 821, 1114, 1125 
discharge pressure, 1125, 1126 
surge, 821, 1126 
throughput, 824 
diaphragm compressor, 820 
energy consumption, 808 
evacuation, 925 

liquid-ring compressor, 818, 1121 
reciprocating compressor, 817 
cooling, 771,825, 1117 
chilled water, thermal duty, 1189 
chlorinated condensate, 789 
compressor interstage coolers, 828 
direct contact, 771, 778, 826 
effect of gas temperature, 788 
flow diagram, 792 
heat duty curve, 773 
heat transfer calculations, 771 
AMTD, 773, 938 
LMTD, 772, 938 
indirect, 771,785, 829 
pressure operation, 1483 
simultaneous heat and mass 
transfer, 775 

transfer unit concept, 780 
transport process analogies, 776 
density, 1499, 1535, 1536 
dissociation constant, 1500 
drying, 792, 1118, 1485 
acid consumption, 792 
drying columns, 795 
packed columns, 795 
process control, 798 
tray columns, 799 
equilibrium behavior, 793 
flow diagram, 798 
pressure operation, 1485 
process control, 1118 
process redundancy, 800 
equilibrium constant, 1501, 1534 
evacuation of lines and 
equipment, 925 
history, 2 

hydrolysis constant, 1501 
liquefaction, 829, 1128, 1241, 1486 
achievable degree of, 832 
commissioning, 1241 
control, 1128 

addition of dry air, 1128 
process control, 1129 
hydrate, formation of, 839 
liquefaction process, 831 
noncondensables, 833 
partition of water, 843 
refrigerants, 835 


refrigeration process, 829 
tail gas, 885 
use of barrier fluid, 836 
utility approach to refrigeration, 837 
without gas compression, 1486 
materials of construction, 767 
reaction with titanium, 768 
wet vs. dry chlorine, 768 
oxygen in chlorine, 833, 923 
physical properties, 1532 
solubility, 1534, 1535 
specific heat, 1500, 1538 
thermal conductivity, 1500, 1539 
thermodynamic properties, 1533 
transfer - see chlorine storage and handling 
vapor pressure, 1499, 1537 
viscosity, 1500, 1536 
Chlorine production, 37, 398,405, 413 
Chlorine, production without caustic 
electrochemical processes, 1361 
aqueous electrolysis of HCl, 1361 
indirect electrolyses, 1365 
molten-salt electrolysis, 1368 
vapor-phase electrolysis of HCl, 1365 
oxidation processes, 1351 
oxidation of HCl, 1352 
oxidation of salt, 1351 
regenerative oxidation processes, 1359 
Chlorine recoveiy, 1479 
Chlorine storage and handling, 847, 

856,1242 

confined storage, 854 
expansion chambers, 907 
gaskets, 861 

liquid chlorine, 847, 862 
low-pressure seals, 895 
low-pressure storage, 853 
mechanical relief devices, 899 
piping systems, 858 
pressurized storage, 852 
reference documents, 847 
safety devices, 895 
transfer, 862 

pressurization, 862 
air required for, 873 
with air, 863 
with chlorine, 864 
pumping, 865 
valves, 860, 883 
vaporization, 881 

vent scrubbers {see scrubbers, chlorine), 901 
water seal, 895 

Chlorine transportation and packaging, 874 
accident statistics, 878 
barge transport, 878 

Chlorine Emergency Plan (CHLOREP), 876 
labeling of transport containers, 875 
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Chlorine transportation and packaging Contd, 
loading and unloading, 868 
system requirements, 868 
tankcar loading system, 872 
transfer hoses, 869 
packaging, 879 
pumping, 865 
rail transport, 876 
road transport, 877 
unloading by air pad, 870 
Chlorobenzene, 56 
Chlorofluorocarbons, 7, 9, 56, 835 
Chrysotile {see asbestos), 272, 296 
Clarification and thickening, 552, 564, 1057, 
1058 

free settling, 567 
thickening, 569 
Clarifiers/thickeners, 574, 581 
centrifuges, 587 
feedwells, 575 
heat loss, 586 

inclined-plate separators, 585 
overflow systems, 576 
rakes, 578 
sludge removal, 579 
solid contact reactors, 584 
solids recycle, 582 
standard brine clarifiers, 574 
Clausius-Clapeyron equation, 1016,1061 
Cleaning and flushing (precommissioning), 1226 
Coated anodes, 212 
chlorine evolution reaction, 110, 220 
composition/preparation, 236 
cost, 235 

degradation/failure, 224, 227, 231 
dimensionally stable anodes (DSA®), 212 
electrochemical behavior, 217 
impurity effects, 227 
lifetime, 235 

physical properties and morphology, 214, 215 
preparation, 237 
rejuvenation/recoating, 232 
structure, 232 

Coated cathodes (see cathodes), 251 
Cogeneration, 1174 
combined-cycle operation, 1175 
heat/power ratio, 1175 
Colburn j-factor, 776 
Cole-Cole plot (see AC impedance), 149 
Combustion of hydrogen, 930 
Commercial considerations/membrane cells, 424 
Commissioning {see precommissioning), 1217, 
1231 

brine system, 1234 
dechlorination, 1236 
filtration, 1235 
ion exchange, 1236 


catholyte system, 1237 
caustic evaporation system, 1244 
caustic storage systems, 1246 
chlorine system, 1238 
compression and liquefaction, 1241 
dry systems, 1239 
storage, 1242 
control systems, 1230 
documentation, 1223 
equipment checklists, 1220 
hydrogen system, 1243 
instrumentation, 1232 
organization, 1218 
planning, 1219 
rectifier/transformers, 1247 
training, 1220 
Common-ion effect, 523 
Compressibility, 1059 
Compressible fluid flow, 1052 
Compression, 807, 934, 1060 
adiabatic compression, 1059 
chlorine {see chlorine compression), 807, 
1121 

hydrogen {see hydrogen systems), 934, 1143 
isothermal compression, 1060 
polytropic compression, 1060 
Condensate 

evaporator (or process), 455, 981, 1192 
steam, 1173 

Conductive heat transfer, 1063 
Conductivity, electrical 
diaphragms, 156 
electrolytic solutions, 155 
equivalent conductance, 153, 290 
hydrochloric acid, 1551 
measurements, 150, 203 
membranes, 157 
molar conductivity, 153 
potassium chloride, 1515, 1560 
potassium hydroxide, 1530 
sodium chloride, 1509 
sodium hydroxide, 1523 
specific conductivity, 150 
Conformal transformation/mapping, 1033 
Control system interface, 1100 
Control system selection, 1092 
Convection, 1064 
Conversion factors, 1491 
area, 1492 

current density, 1495 
density, 1493 
energy, 1493 

heat transfer coefficients, 1495 

length, 1491 

power, 1493 

pressure, 1494 

thermal conductivity, 1494 
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viscosity, 1494 
volume, 1492 
weight, 1492 

Conveying (see salt transfer) 

Cooling towers, 1181 
blowdown, 1186 
concentration factor, 1186 
construction, 1182 
instrumentation, 1185 
piping, 1185 
process control, 1187 
tower fill, 1185 
Copper busbar 
capacity, 728 

comparison with aluminum, 731 
Copper losses (see transformer), 715 
Corrosion 

chlor-alkali industry, 1328 
classification, 1295 

diaphragm cell cathode, 242, 248, 1046, 
1330,1331 

Corrosion current/corrosion rate, 1306, 1311 
Corrosion data survey, 1325 
Corrosion fatigue, 1323 
Corrosion inhibition, 1309 
inorganic inhibitors, 1310 
organic inhibitors, 1311 
vapor-phase inhibitors, 1311 
Corrosion potential, 1306 
Corrosion prevention, 1308, 1344 
brine area, 1329 
caustic system, 1336 
cell room, 1331 
chlorine system, 1333 
electrolyzer, 1329 
Cost analysis, 388 
Crevice corrosion, 1314 
Crystallization 

potassium chloride, 490 
sodium chloride, recrystallization of, 487 
sodium sulfate, 647 
solar salt, 470 
Current breakers, 740 
Current density/reaction rate, 95 
Current distribution, 1031 
calculation methods, 1040 
diaphragm cell, 1042 
gas-generating electrode, 1042 
membrane cell, 1046 
primary current distribution, 1031 
secondary current distribution, 1036 
tertiary current distribution, 1039 
vertical electrolyzers, 1040 
Current efficiency, 165,168, 207 
chlorine, 167, 168 
diaphragm cell, 179 
hydrogen, 207 


membrane cell, 176 
mercury cell, 182 
oxygen, 188 

plant measurement of, 1288 
sodium hydroxide, 165, 167, 168, 173 
Current inefficiency {see current efficiency), 
174, 185,457 

Current interruption technique, 134 
Current leakage, 391, 397, 398, 738 
piping header arrangements, 740 
Current measurement, 735 
Cyclic voltammetry, 142 


D 

Darcy equation, 274, 1051 
DC power supply {see rectifier/transformer) 
Deacon process, 17, 1352 
Deactivation {see failure/degradation) 
Deaeration of boiler feedwater, 1195 
Dealloying by selective leaching, 1319 
Dechlorination of brine, 447,448, 665 
aeration, 671, 674 
mass transfer, 676 
plate column for, 677 
catalytic decomposition, 686 
on activated carbon, 686 
on metal catalysts, 688 
chemical reduction, 678 
chlorine recovery, 665 
Hydecat® reactor, 688 
length of transfer unit, 676 
McCabe-Thiele diagram, 674 
primary dechlorination, 670 
process control, 684 
secondary dechlorination, 678 
use of hydrogen peroxide, 682 
use of sulfur compounds, 678 
forms of supply, 678, 680, 681 
steam stripping, 677 
system control, 1109 
vacuum dechlorination, 672 
packed column for, 673 
Dechlorination of spent sulfuric acid, 804 
Decommissioning of mercury cell 
plants, 1290 

Decomposition voltage, 89, 

127,1023 

diaphragm cell, 196 
membrane cell, 196 
mercury cell, 198 
Degradation {see failure) 
inorganic materials of 
construction, 1325 

organic materials of construction, 1325 
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DeNora cells 

diaphragm cells (Glanor® cell), 405 
mercury cells, 400 
runner anode, 401 
Density 

chlorine, 1499, 1535, 1536 
potassium chloride, 1498, 1510 
sodium chloride, 1497 
sodium hydroxide, 1498 
NaCl + NaOH, 1501 

Depolarized cathodes, 933,1027, 1372, 1467 
Deposit attack, 1316 

Deposited diaphragms (see diaphragms), 295 
Design coordination of control systems, 1091 
Dezincification, 1319 
Diamond cell, 23, 26 
Diaphragms, 271 

asbestos diaphragms, 25, 272, 291 
deposition, 296 

dimensionally stable diaphragms, 25 
effects of shutdowns, 300 
HAPP, 291 

mass transfer in, 274, 279 

modeling, 281,286 

non-asbestos diaphragms, 293 

Polyramix®, 26, 293, 294, 410 

porosity, 157, 276 

retrofit, 34 

SM-1,291 

SM-2, 291 

SM-3, 291 

Tephram®, 294 

tortuosity, 157, 276 

voltage drop, 289 

Diaphragm cells/process, 18,405, 408,446 
cell efficiency, 179 
decomposition voltage, 196 
Diaphragm cell level control, 1151 
Differential capacitance, 137 
Differential pressure (d/p) transmitter, 1096 
Diffusion current, 105 
Diffusion equation, 1068 
Diffusion layer, 115, 141 
Dilution of caustic liquor, 966 
Dimensionally stable anodes (DSA®), 24, 212 
Dimensionally stable diaphragm, 25 
Dimensionless groups, 1495 
Diode rectifiers, 717, 1477 
Dioxins, 73 

Direct methanol fuel cell (DMFC), 1472 
Dirichlet boundary condition, 1032 
Discharge step (see electrode process), 99, 110 
Distillation, 1081 

Distributed control system, 1092, 1231 
Dissociation constant 
chlorine, 1501 
water, 85 


Donnan potential, 315 
Dow cells 

diaphragm cell, 27, 405 
magnesium cell, 1370 
Downs cell, 1368 
Dry air system, 1199 
Diihring diagrams 
NaCVwater, 1507 
NaOH/water, 1522 


E 

Eckert chart (see pressure drop in packed 
column), 784 

Effects of brine impurities, 352, 354, 529, 537, 
1277 

aluminum, 369 
ammonia, 656 

analytical methods, 352, 365 
anodes, 227 
barium, 227, 346, 367 
bromide, 660 

calcium, 342, 365, 534, 537 
cations, 342 
coated cathodes, 227 
control methods, 365 
diaphragm cell, 533 
fluoride, 227 
iodide, 346, 368, 661 
magnesium, 342, 366, 534 
membrane cell, 341, 365,537 
mercury, 658 
mercury cell, 530 
nickel, iron, 227, 368 
nitrate, 665 
organics, 654 
silica, 345 
strontium, 367 
sulfate, 343 

Effects of caustic impurities, 1280 
Ejectors, 1202, 1204 
Electric power supply, 713, 1170 
demand management, 744 
energy efficiency, 736 
phase angle/power factor, 741 
Electrical hazards in cell rooms, 755 
Electrical metering, 735 
Electrocatalysis, 107 
Electrochemical processes (see electrode 
processes) 

Electrochemical reaction rate (see reaction rate) 
Electrochemical techniques 
non-steady state techniques, 142 
polarization measurements, 128 
steady state techniques, 128 
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Electrochemical unit (ECU), 47,166 
Electrode processes 
amalgam electrode, 85 
chlorate reduction, 118 
chlorine electrode, 81, 110 
Horiuti-Heyrovsky mechanism, 99 
hydrogen electrode, 83, 99, 107 
hypochlorite reduction, 118 
kinetics, 95 

mass-transfer controlled process, 104 
oxygen electrode, 122, 186 
Electrodialysis {see seawater), 478 
Electrolysis of hydrochloric acid, 1361, 1365 
Electrolysis of molten magnesium chloride, 1370 
Electrolysis of molten sodium chloride-calcium 
chloride mixtures, 1368 
Electrolysis of sodium sulfate, 1393 
Electrolyzer area {see cell room design) 
Electrolyzer assembly, 1247, 1253 
external leakage test, 1254 
membrane handling, 1247 
membrane installation, 1249 
membrane leakage test, 1253 
recordkeeping, 1255 

storage and berthing of electrolyzers, 1254 
Electrolyzer installation, 707 
diaphragm cells, 707 
membrane cells, 710 
mercury cells, 709 
Electrolyzer shutdown, 1264 
emergency, 1266 
maintenance, 1267 
normal, 1264 
Electrolyzer startup, 1267 
Electrolyzer (cell) voltage, 195, 1272 
Electromagnetic field, 734,758 
effects on busbars, 734 

proposed limits for exposure to variable fields, 
759 

threshold limiting value, 758 
Electromotive force, 77, 377, 1021 
Electronegativity, 111 
Electroosmosis, 332 

Elemental chlorine free (ECF) bleaching, 57 
ELTECH cells, 432 
Embrittlement/alloys, 1340 
475°C embrittlement, 1340 
sigma embrittlement, 1340 
Emergency response planning guide (ERPG), 

761 

Emissivity/radiation, 1066 

End uses of chlorine and caustic soda, 4, 11, 14 

Energy balance {see voltage balance), 1013, 

1025 

electrochemical process, 1023, 1025 
Energy consumption in chlorine production, 

163, 165, 1270 


diaphragm cells, 413 
from hydrochloric acid, 1362 
membrane cells, 415,1270 
mercury cells, 399,448 
theoretical coefficients, 166 
Energy consumption in magnesium production, 
1370 

Energy consumption in sodium production, 1370 
Energy flow/reactor, 1014 
Energy flow diagrams, 1028 
Energy losses in DC systems 
current leakage, 738 
rectifier efficiency, 736 
Enthalpy, 75, 1019 
Environmental considerations, 66 
chlorinated solvents, 72 
chlorination, 68 
chlorine derivatives, 70 
chlorine-based pesticide, 68 
EDCA^CM/PVC, 67 
inorganic chemicals, 72 
organic chemicals, 55 
phosgene, 68 

propylene chlorohydrin, 67 
Equilibrium constant, 1023, 1501, 1534 
Equilibrium potential {see reversible potential) 
Equipotential lines, 1036 
Equivalent conductance, 153, 289, 1509, 1557 
Equivalent weight, 308 
Erosion corrosion, 1319 
Error analysis, 209 

Ethylene dichloride (EDCA'CM/PVC), 4, 

1350, 1478 

Evacuation systems, chlorine, 925 
Evaporated salt, 995 

Evaporation of brine {see brine evaporation), 480 
Evaporation of caustic solutions {see caustic 
evaporation), 968 
Exchange current density, 97,99 
Explosion hazards, 909 
evacuation, 925 
hydrogen, 909,943 

control with diluent gases, 911 
nitrogen trichloride, 912 
Explosive limits (H 2 and CI 2 in O 2 , N 2 , air), 
909, 1541 


F 

Failure/degradation 

coated anodes, 224, 227,231 
coated cathodes, 263 
ion exchange membranes, 341, 350 
Fanning equation, 274,1051 
Faradaic resistance, 98 
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Faraday constant, 77, 165 
Faraday’s law, 164 
Fault tree analysis, 1429, 1431 
Feedwater (to boilers), 1194 
Ferric chloride, 769, 892 

physical chemistry of hydrates, 769 
production from liquefaction tail gas, 892 
Filiform corrosion, 1316 
Filter aids, 444, 597 
admix (body feed), 598 
cellulosic, 601 
composition, 600 
diatomaceous earth, 599 
handling of, 601 
perlite, 599 
precoat, 597 
solubility in brine, 599 
Filtration, 444, 587,1057, 1475 
backwash, 590, 602 
bed filters, 589 
brine, 587, 1099,1235 
cake compressibility, 597 
cake filtration, 594 
cake removal, 602 
cake washing, 602 
candle filters, 588, 592 
cartridge filters, 588 
caustic, 965 
ceramic filters, 594 
leaf filters, 588, 592, 594 
medium, 588 
mixed*media filters, 589 
polishing filters, 592, 601 
primary filtration, 588 
sand filters, 588 
Finger-type cells, 23, 405 
First law of thermodynamics, 1014 
Fixed bed/continuous 
operation, 1079 
Flade potential, 141, 1308 
Flat plate cells, 388 
Flemion®, 34, 360 
Flocculating agents, 561 
Flotation of KCl ores, 489 
Flow patterns 
gas/liquid mixture, 1055 
pipe, 1049 

Fluid dynamics, 1048 
Fluid flow 

compressible fluid, 1052 
flow patterns, 1049, 1055 
noncompressible fluid, 1052 
Fluorocarbons, 835, 1350 
FM21-SP® cell, 433 
475®C embrittlement of alloys, 1340 
Free energy, 75, 1020, 1297 
Gibbs free energy, 1021 


Freezing point of solutions 
hydrochloric acid, 1550 
potassium chloride, 1514 
potassium hydroxide, 1528, 1529 
sodium chloride, 1508 
Fretting corrosion, 1320 
Freundlich isotherm, 1076 
Friction factor, 1052 
Froth flow (see flow patterns), 1055 
Fuel cells, 931,1466, 1471 
alkaline fuel cell (AFC), 1472 
direct methanol fuel cell (DMFC), 1472 
molten carbonate fuel cell (MCFC), 1472 
phosphoric acid fuel cell (PAFC), 1472 
proton exchange membrane fuel cell 
(PEMFC), 1472 

solid oxide fuel cell (SOFC), 1472 
Fugacity (see activity), 779, 1022 
Future developments, 1463 

G 

Galvanic cell, 89 
Galvanic corrosion, 1313 
Gas absorption, 1067 
penetration theory, 1068 
two-film theory, 1068 
Gas diffusion electrodes, L467 
Gas-liquid interface, 1067 
Gas-phase adsorption, 1075 
Gas turbines in cogeneration, 1174 
Gas void fraction in cells, 201, 1483 
Gate turn-off thyristor, 1477 
General corrosion, 1313 
Gibbs-Duhem equation, 840, 1082 
approximate solutions, 840 
Gibbs free energy, 77, 1021 
Gibbs-Helmholtz equation, 1021 
Glanor® cell, 27,405 

Glauber’s salt (sodium sulfate decahydrate), 
647, 997 

Global warming potential, 70 
Glossary, 1458 
Glycerin, 56 
Grain boundary, 1318 
Graphite anodes, 24, 211 
Graphite packings, 386 
Greenhouse gas, 72 
Griesheim Elektron cell, 18 
Grosvenor-Miller process, 1359 

H 

Hagen-Poiseulle flow theory, 274 
Hardy-Schulze rule, 1179 
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Hargreaves-Bird cell, 19 
Hazards, 755, 1402, 1419 
cell room, 755 
chemical, 761 
electrical, 755 
electromagnetic, 758 
explosion, 761,909,912,925 
hydrogen, 943 
materials, 1402 
mechanical, 1402 
process, 1419 
Hazard analysis, 1428 

hazard and operability study (HAZOP), 1430, 
1443 

fault tree analysis, 1431 
Hazard protection and mitigation, 1421 
chlorine release, 1438 
hazard analysis, 1428 
inherent safety, 1423 
mechanical integrity, 1426 
process design, 1423 
process safety management (PSM), 1423 
Responsible Care®, 1436 
safety equipment, 1421 
safety-oriented programs, 1422 
training, 1437 
Hazard rating, 1403 
Heat-affected zone, 1319 
Heat capacity 

hydrochloric acid, 1546, 1547 
hydrogen, 1541 
H2,N2,02, 1541, 1542 
sodium chloride solution, 1506 
Heat content {see enthalpy), 75, 1016 
Heat of dilution (NaOH), 1517 
Heat of solution (NaOH), 1517 
Heat/power ratio in cogeneration, 1175 
Heat transfer, 1063 
chlorine cooler, 771 
conduction, 1063 
convection, 1064 
evaporation, 1066 
in brine, 1027 
Newton’s law, 1064 
radiation, 1065 
Heat transfer duty curves 
chlorine cooler, 773, 787 
hydrogen cooler, 938 

Height of transfer unit {see chlorine cooler), 
380, 780 

Henry’s law, 681, 1067 
Hess’s law, 1021 

High-performance membranes, 355 
High-temperature corrosion, 1323 
liquid metal corrosion, 1324 
molten salt corrosion, 1324 
nitriding, 1324 


oxidation, 1324 
sulfidation, 1324 
vanadium attack, 1324 
History of chlor-alkali industry, 17, 28, 31 
Hooker cell, 23, 26 
Horiuti-Heyrovsky mechanism, 99 
Hydecat® reactor, 688 
Hydration energy, 1558 
Hydraulic length, 277 
Hydraulic radius/diameter, 275, 1053 
Hydrazine, 1173, 1344 
Hydrina® process, 1394 
Hydrochloric acid, 886, 909, 1350, 

1407, 1546 

azeotropic mixtures (HCl -f- H 2 O), 1551 
byproduct, 1350 
conductivity, 1551 

electrolysis {see HCl electrolysis), 1361 
enthalpy, 1547 
freezing point, 1550 
from tail gas 

synthesis of HCl, 886 
heat effects in absorption, 888 
hazards, 1407 
heat capacity, 1546, 1547 
partial pressure, 1549 
solubility, 1548 
specific heat, 1549 
surface tension, 1550 
viscosity, 1548 

Hydrochloric acid electrolysis, 1361 
aqueous solution electrolysis, 1361 
indirect electrolysis, 1365 
Kyoto process, 1367 
Uhde process, 1362 
vapor phase electrolysis, 1365 
Westvaco process, 1367 
Hydrochloric acid oxidation process, 1352 
Catalytic Carrier Process, 1357, 1360 
Deacon process, 1352 
Kel-Chlor process, 1353 
MT Chlor process, 1355 
regenerative oxidation, 1352 
Weldon process, 1352 
Hydrochlorofluorocarbons (HCFC), 836 
Hydrodynamics, 1048 
Hydrofluorocarbons (HFC), 836 
Hydrogen electrode reaction, 83,97,99, 
107, 261 

Hydrogen header control, 1135 

atmospheric pressure operation, 1135 
positive pressure operation, 1138 
safety systems, 1140 
Hydrogen peroxide 

as decolorizing agent, 986 
handling of, 683 
in dechlorination, 682 
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Hydrogen purge, 1140 
Hydrogen purification, 939 
removal of mercury, 939 
as calomel, 941 
by activated carbon, 939 
removal of oxygen, 942 
Hydrogen systems, 909, 927, 1134 
combustion, 930 
commissioning, 1243 
compression, 934, 1143 
control 

compressed hydrogen distribution, 1146 
compressor discharge pressure, 1145 
diaphragm cell systems, 1147 
cooling, 936 
energy economy, 929 
explosion hazard, 943 
fuel cell, 931 
hazards, 909,943, 1407 
embrittlement of steel, 943, 1322 
explosion, 909,943 
fire, 944 

physical properties, 1539 
processing, 40,451 
solubility, 1540 
uses, 928 

Hydrogen damage, 244, 1324 
Hydrolysis constant {see chlorine), 1501 
Hydrostatic test {see precommissioning), 1227 
Hydroxide precipitates, 542 
Hypochlorites, 1372, 1403, 1451 
analyses, 1386 
calcium hypochlorite, 1389 
chemical production, 1378 
decomposition, 1380 
electrochemical production, 1373 
electrode processes, 1376 
membrane cell process, 1374 
on-site production, 1373 
undivided cells, 1375 
filtration, 1385 
hazards, 1403 

materials of construction, 1383 
miscellaneous applications, 1388 
reduction {see dechlorination), 118 
safety, 1388 
specifications, 1386 
wastes, 1451 


Impedance spectroscopy, 147 
Impingement attack, 1320 
Impurity effects, membrane cells, 538 
Impurity-resistant membranes, 1474 


Incompressible fluid flow, 1052 
Indoor vs outdoor cell rooms, 706 
Industrial hygiene, 1401 
INEOS cells, 433 

Inhibitors {see corrosion inhibition), 1309 
Instrument air, 1199 
Instrumentation commissioning, 1232 
Instrumentation system design, 1089 
design coordination, 1091 
nomenclature, 1090 
selection of control systems, 1092 
Insulated gate bipolar thyristor, 1477 
Integrated gate commuted thyristor, 1477 
Integrated production of EDC, 1478 
Interface, control systems, 1100 
Intergranular corrosion, 1318,1320 
Internal energy, 75 

International Commission on Non-Ionizing 
Radiation Protection (ICNIRP), 760 
Ion exchange, 606,1080, 1236 
basic principles, 606 
breakthrough curve, 610 
brine, 606, 1236 
capacity, 312, 607 
chemical analysis, 625 
commissioning, 1236 
effects of operating variables, 611 
ion exchange system control, 1102 
mechanical details, 618 
column internals, 618 
delivery of regenerants, 622 
materials of construction, 619 
number of beds, 620 
merry-go-round operation, 622 
recontamination of brine, 623 
regeneration effluent, 617,1450 
regeneration sequence, 616 
required bed volume for multiple species, 614 
simultaneous removal of two species, 613 
space velocity, 612 

Ion-exchange membranes, 306, 355,421, 1445, 
1473 

Aciplex®, 307 
anion transport, 333 
bilayered membrane, 307, 355 
blistering, 348, 350, 359 
brine quality, 353 
conductivity, 316 
damage to, 343, 350 
diffusivity in, 320 
electroosmosis, 332 
equivalent weight (EW), 308, 312 
Flemion®, 307 
handling, 1247 

high-performance membranes, 355 
impurity effects, 337, 341, 354 
impurity-resistant membranes, 1474 
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installation, 1249 
ion exchange capacity, 312 
leakage test, 1253 
Nafion®, 307 
network model, 309 
operating conditions, 1273 
osmotic pressure, 332 
perfluorinated membranes, 306 
perfluorocarboxylate, 307, 355 
perfluorosulfonate, 307, 355 
performance, 341 

pH/NaOH concentration profile, 342 
physicochemical properties, 310 
reinforcement, 358, 362 
selectivity, 313 
structure, 308, 355 
tears, 350 

water content/uptake, 310, 317 
water transport, 333 
Ion-exchange resin bed 
length of transfer zone, 608 
multi-bed system, 620 
Ion hydration energy/waters of 
hydration, 1558 

Iron losses (see transformers), 715 
Isentropic expansion and compression, 809, 
1058, 1206 
Isocyanates, 1350 
Isothermal change, 1017 
Isothermal compression, 1060 


K 

Kel-Chlor process, 1353 
Kellner, K., 30 

k-factor/volt-ampere curve, 206, 725, 1465 
Kinetics/reaction kinetics, 95, 1303 
Kinetic parameters 

chlorine electrode process. 111, 120, 201 
hydrogen electrode process, 201, 247 
oxygen electrode process, 120, 124, 201 
Kirchoff’s law, 395 
Krebskosmo cell, 403 


L 

Laboratory control analyses, 1287 
Laminar flow, 1050 

Langmuir adsorption isotherm, 107,1075 
Laplace equation, 396, 1032 
Latent heat, 1016,1060 
Leakage test for membranes, 1253 
Leakage current (see parasitic current) 
LeBlanc process, 17 


Length of transfer zone, 676 
LeSueur diaphragm cell, 20 
Lime-soda process, 35 
Limiting current density, 105 
Linear polarization method, 1307 
Liquefaction (see chlorine processing) 
Liquid-phase adsorption, 1078 
Liquid-ring compressor control, 1121 
Liquid-ring pump, 818, 1203 
Liquid wastes, 1448 
caustic, 1449 
hypochlorite, 1451 
ion exchange regenerants, 1450 
process condensate, 1448 
refrigerant, 1451 
sulfuric acid, 1448 
utility system blowdown, 1450 
Local measurements in cell rooms, 1116 
Localized corrosion, 1296, 1314 
Logarithmic mean sectional area, 1064 
Low-pressure storage of chlorine, 853 
Lowest observed adverse effect level (LOAEL), 
1409 

Luggin-Haber probe, 132 


M 

MacMullin number, 156, 205, 277, 286, 301 
Magnesium chloride electrolysis, 1370 
Dow process, 1370 
Norsk Hydro process, 1371 
Magnetic field, 734, 758 
Maintenance manual, 1225 
Makeup water control in brine system, 1095 
Marsh cell, 23 
Mass balance 

membrane cells, 453 
anode side, 456 
cathode side, 456 
reactor, 168, 1013 
Mass transfer 
diaphragm, 279 
membrane, 323 
modeling, 281 

Mass transfer coefficient, 779,1068 
Mass transfer controlled process, 104 
Material hazards, 1402 
asbestos, 1413 

caustic soda and potash, 1407 
chlorine and hypochlorites, 1403 
hydrochloric acid, 1407 
hydrogen, 1407 
mercury, 1408 

miscellaneous materials, 1416 
nitrogen trichloride, 1415 
sulfuric acid, 1408 
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Material safety data sheet (MSDS), 1402 
Material specifications in cell room, 1276 
brine purity, 1276 
demineralized water, 1277 
hydrochloric acid, 1277 
Materials of construction 
brine, 527, 619, 1329 
brine evaporator, 486 
calcium chloride, 524 
caustic system, 948, 1336 
cell components, 1329 
cells, 1329 
cell room, 1331 
chlor-alkali plant, 1346 
chlorine system, 767, 814, 858,1333 
hydrochloric acid, 633 
hydrogen peroxide, 683 
hypochlorite system, 1383 
potassium chloride, 492 
steels in hydrogen service, 943 
sulfuric acid, 801, 802 
McCabe-Thiele diagram, 674, 1084 
Mechanical factors/corrosion, 1297 
Mechanical integrity, 1426 
Mechanical pressure relief {see chlorine), 899 
Mechanical vapor recompression, 484 
steam economy, 485 

Membranes {see ion-exchange membranes), 

421, 1445, 1473 

Membrane cells/processes, 31, 39,413,426,448 
Asahi Glass cells, 432 
Asahi Kasei cells, 428 
caustic system, 946, 1152 
Chlorine Engineers cells, 429 
current efficiency, 176 
decomposition voltage, 196 
ELTECH cells, 432 
hydrogen system control, 1135 
INEOS cells, 433 
Uhde cells, 436 
Membrane filtration, 604 
Mercury cells, 28, 38, 398,447 
caustic system, 945, 1149 
control, 1149 

in tandem with membrane cells, 945 
current deficiency, 182 
decommissioning, 1290 
decomposition voltage, 198 
hydrogen system control, 1135 
Mercury-containing waste, 1452 
air emissions, 1454 
solids, 1454 
waste water, 1456 
Mercury rocking cell, 31 
Mercury toxicology, 1408 
hygiene, 1412 
mechanisms, 1409 


medical surveillance, 1411 
monitoring, 1411 
protective equipment, 1412 
Merry-go-round system {see ion exchange), 622 
Metal catalysts in dechlorination, 687 
Migration of ions {see mass transfer), 281, 333 
Mist elimination {see chlorine), 1120 
Mist elimination {see sulfuric acid), 805 
Mist flow {see flow patterns), 1055 
Mitigation of chlorine release, 1404,1438 
Mixed gases 
explosive limits, 1541 
heat capacity, 1541, 1542 
thermal conductivity, 1542 
Mixed potential, 1301, 1305,1306 
Modeling {see bypass current), 394 
Modified asbestos diaphragm, 26,290 
Molten carbonate fuel cell (MCFC), 1472 
Molten salt electrolysis, 1368 
production of magnesium, 1370 
production of sodium, 1368 
Monitoring of plant operation, 1286 
analytical program, 1287 
current efficiency determination, 1288 
operating data, 1286 
voltage monitoring, 1290 
Monopolar cells, 33, 388 
MT Chlor process, 1355 
Multiple-effect evaporation, 481 
steam economy, 482 
Multistage ejectors, 1208 


N 

Nation® membranes, 33. 307, 362, 364 
Nanofiltration {see sulfate control), 639,1475 
operating results, 640 
module construction, 641 
National Institute of Occupational Safety and 
Health (NIOSH), 1407 
Navier-Stokes equation, 1054 
Nelson diagram {see hydrogen damage), 943 
Nemst equation, 78, 1302 
Nemst-Planck equation, 333 
Network model {see perfluorinated membrane), 
309 

Neumann boundary conditions, 1032 
New Desulfation System (NDS), 638 
Newton’s equation/heat transfer, 1064 
Nickel in caustic service, 949,950,1343 
Nitrogen, 1201, 1215 
Nitrogen trichloride, 826,912, 1415 
accumulation, 826, 913, 920 
avoidance, 915 

decomposition in vaporizers, 923 
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decomposition rate, 917 
destruction, 917, 923 
detection, 916 
fractionation, 919 
sources, 913 
vapor pressure, 920 
Nonasbestos diaphragms, 25, 293 
Nonmetallic materials, 1325 
Non-Random Two-Liquid Model (NRTL), 840 
Nonsteady state technique, 142 
{see electrochemical techniques) 

Norsk Hydro process for magnesium 
production, 1371 

Number of transfer units (NTU), 380 
air stripper, 676 
chlorine cooler, 780 
gas absorption, 1071 

Nyquist plot {see AC impedance method), 149 


o 

Occupational Safety and Health Administration 
(OSHA), 1413 
Ohmic drop, 201 
Olin mercury cells, 403 
On-line analyzers, 1287 
On-the-job training, 1221 
Operating conditions in membrane cells, 346, 
1273 

brine concentration, 1274, 1283 
brine pH, 1276 

caustic concentration, 1274, 1283 
current density, 1283 
electrolyzer feed rates, 1284 
recording, 1286 
temperatures, 1275, 1284, 1285 
Operating manual, 1223 
Operating parameters, recording of, 1286 
Operating specifications, cell room, 1271 
Operating variables (membrane cells), 458 
Operation under pressure, 1480 
advantages and disadvantages, 1481 
cell operation, 1482 

chlorine compression and liquefaction, 1486 
chlorine cooling, 1483 
chlorine drying, 1485 
Operator analyses, 1287 
Organic inhibitors, 1311 
Organic materials of construction, 1325 
Osmotic pressure, 332 
Outhenin-Chalandre cell, 20 
Overview of chlor-alkali industry, 37 
Overvoltage (overpotential), 97 
Oxidation states of chlorine, 81,1349 
Oxide-coated anodes {see coated anodes), 212 
Oxychlorination, 1358 


Oxygen cathodes, 122, 933, 1027, 1466 
Oxygen content in cell gas, 186, 188,923 
Oxygen evolution processes, 116, 186,191 
Ozone depletion potential (ODP), 70, 836 


P 

Packaged instrumentation, 1159 
Packed column/gas absorption, 1071 
Parasitic current, 391, 738, 1332 
measurement, 397 
minimization, 398 
modeling/equivalent circuit, 395 
Paris Marine Commission (PARCOM), 60 
Particle size distribution (PSD), 491,496 
Passivation, 1308 
Peclet number, 302 
Penetration theory of gas 
absorption, 1068 

Perfluorinated membranes, 306, 355 
{see ion-exchange membranes) 
Performance 
anode, 224, 235 
cathode, 244, 265 
electrolyzers, 399,413,415 
membranes, 341 

Permeability of porous media, 278 

Personal protective equipment, 1402, 1421 

Pesticides, 56, 68 

pH control in brine system, 1103 

pH profile in membranes, 342 

Phase angle/power factor, 150, 720, 

735, 741, 744 {see electric power 
management) 

Phase diagrams 

FeCl3-H20 system, 770 
Na 2 C 03 -H 20 system, 555 
NaCl-H20 system, 500 
NaCl-Na 2 S 04 -H 20 system, 647 
NaOH-H20 system, 1521 
Phosgene, 68 

Phosphoric acid fuel cell (PAFC), 1472 
Physical properties 
barium salts 
solubility, 1556 
bleach 

specific gravity, 1552 
calcium chloride 

specific gravity of solutions, 1560 
calcium sulfate 

solubility, 1557, 1558 
chlorine 

density, 1499, 1535, 1536 
general properties, 1532 
latent heat of vaporization, 1537 
solubility, 1534, 1535 
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Physical properties Contd. 
chlorine Contd. 

specific heat, 1500, 1538 
thermal conductivity, 1500, 1539 
thermodynamic properties, 1533 
vapor pressure, 1499,1537 
viscosity, 1500, 1536 
hydrochloric acid 

azeotropic mixtures of HCl + H 2 O, 1551 
conductivity, 1551 
enthalpy, 1547 
freezing point, 1550 
heat capacity, 1546,1547 
partial pressure, 1549 
solubility, 1548 
specific heat, 1549 
surface tension, 1550 
viscosity, 1548 
hydrogen 

explosive limits, 1541 
general properties, 1539 
heat capacity, 1541 
solubility, 1540 
thermal conductivity, 1542 
viscosity, 1542 
nitrogen trichloride 
general properties, 1415 
vapor pressure, 920 
potassium carbonate solutions 
specific gravity, 1553 
viscosity, 1553 
potassium chloride solutions 
activity coefficient, 1515 
boiling point, 1514 
conductivity, 1515 
density, 1498, 1510 
freezing point, 1514 
heat capacity, 1512 
solubility, 490, 1510 
specific heat, 1498 
vapor pressure, 1513 
viscosity, 1511 

potassium hydroxide solutions 
activity coefficient, 1531 
boiling point, 1527, 1528 
conductivity, 1530 
freezing point, 1528, 1529 
heat capacity, 1526 
heat of solution, 1529 
specific gravity, 1525 
specific heat, 1499 
thermal conductivity, 1524, 1525 
vapor pressure, 1527 
viscosity, 1526 
sodium amalgam 

activity coefficient, 86 
equilibrium potentials, 199 


sodium carbonate solutions 
specific gravity, 1553 
viscosity, 1553 
sodium chloride 
activity coefficient, 1504 
angle of repose, 494 
boiling point, 1507 
conductivity, 1509 
density, 1497 

density (NaCl -h NaOH), 1501 
Diihring diagram, 1507 
enthalpy, 1497, 1508 
equivalent conductance, 1509 
freezing point, 1508 
general properties, 496 
heat capacity, 1506 
osmotic pressure, 1504 
specific heat, 1503 
solubility, 490, 509,1496, 1497 
solubility (NaCl + NaOH), 1518 
specific gravity, 1502, 1505 
surface tension, 1503 
thermal conductivity, 1509 
uniformity coefficient, 496 
vapor pressure, 1497, 1506 
viscosity, 1505 
sodium hydroxide 
activity coefficient, 1524 
boiling point, 1521 
conductivity, 1523 
density, 1498 
Diihring diagram, 1522 
enthalpy, 1522 
general properties, 1516 
heat of dilution, 1517 
heat of solution, 1517 
phase diagram, 1521 
solubility (NaCl + NaOH), 1518 
specific gravity, 1516 
specific heat, 1519 
surface tension, 1523 
thermal conductivity, 1524 
vapor pressure, 152 
viscosity, 1518 
sodium sulfate 
solubility, 647 
water 
pH, 1554 

vapor pressure, 1554 
Piping materials 
brirte system, 748 
catholyte system, 749 
chlorine system, 745 
FRP laminates, 746 
hydrogen system, 747 
Pitting corrosion, 1317 
Planck’s constant, 95 
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Plant air, 1196 
Plant operation, 1263 
brine acidification, 1263 
initial startup, 1256 
electrolyzer startup and 
shutdown, 1264, 1267 
load changes, 1262 
normal operation, 1261 
Plant performance test, 1268 
Plug flow {see flow patterns), 1055 
Pneumatic test {see precommissioning), 1228 
Polarization curve, 128, 137, 1305 
Polarization measurements, 128, 137 
galvanostatic, 137 
potentiostatic, 137 

Polarization resistance method, 1307 
Polycarbonate, 56 

Polyramix® diaphragms, 26, 293, 294,410 
Poly tropic compression, 1060 
Polyvinyl chloride (PVC), 49, 55 
Porosity of diaphragms, 205, 275, 276 
Positive materials identification), 1428 
Postprecipitation {see precipitation) 
Potassium carbonate solutions, 1553 
specific gravity, 1553 
viscosity, 1553 

Potassium chloride, 487, 1498, 1510 
activity coefficient, 1515 
beneficiation, 489 
boiling point, 1514 
caking, 499 
conductivity, 1515 
crystallization, 490 
density, 1498, 1510 
flotation, 489 
freezing point, 1514 
heat capacity, 1512 
materials of construction, 492 
particle size distribution, 491,496 
solubility, 490, 1510 
sources, 487 
specific heat, 1498 
storage, 492 
sylvinite, 488 
vapor pressure, 1513 
viscosity, 1511 

Potassium hydroxide solutions, 15, 

1499, 1525 

activity coefficient, 1531 
boiling point, 1527, 1528 
conductivity, 1530 
freezing point, 1528, 1529 
heat of solution, 1529 
heat capacity, 1526 
specific gravity, 1525 
specific heat, 1499 
thermal conductivity, 1524, 1525 


vapor pressure, 1527 
viscosity, 1526 
Potential sweep method, 142 
Pourbaix diagrams, 1301 
Power factor/phase angle, 741 
improvement with capacitors, 742 
Power measurement, 735 
PPG/DeNora Glanor® cell, 405 
Prandtl number, 776 

Precipitation of brine impurities, 545, 1058 {see 
clarification and thickening) 
calcium carbonate, 548 
chemicals supply, 552 
concentrations of precipitants, 557 
effects of Ca:Mg ratio, 558 
magnesium hydroxide, 546 
postprecipitation, 550, 560 
simultaneous precipitation of Ca and Mg, 550 
sulfate-calcium, 551 

sources of barium ion, 551 
calcium vs barium, 552 
use of CO 2 gas, 562 

Precipitation patterns of hydroxides, 542 
Precoat {see filtration) 

Precommissioning commissioning), 1226 
control systems, 1230 
flushing and cleaning, 1226 
packaged equipment, 1230 
pressure testing, 1227 
punch lists, 1229 
Preparation 

coated anodes, 212 
deposited diaphragms, 295 
Pressure drop 

compressible flow, 1052 
noncompressible flow, 1052 
Pressurized electrolysis, 1481 
Pressurized storage {see chlorine storage), 852 
Primary dechlorination {see dechlorination), 670 
Primary filtration {see filtration), 588 
Primary current distribution, 1031 
Process control, 459, 749 
brine clarifier, 1098 
brine concentration, 1094 
brine feed to cells, 1104 
brine filters, 1099 
brine pump tank level, 1096 
brine purge, 1106, 1109, till 
brine saturation system, 1093 
brine system inventory, 1094 
brine treatment tanks, 1097 
cell room, 749, 1111, 1114 
control and measuring devices, 749 
effects of magnetic field, 752 
header pressure control and safety systems, 
1114 

chlorine compressor, 821, 1125 
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Process control Contd. 
chlorine drying, 798, 1118 
dechlorination system, 1109 
evaporator production rate, 1159 
hydrogen discharge pressure, 1135, 1138, 
1145 

ion exchange process, 1101 
makeup water to brine system, 1095 
pH control in brine system, 1103 
Process hazards, 1419 
Process safety management (PSM), 1423 
Process/utility connections, 1212 
Product quality 

chlorate in caustic, 191, 985, 989 
diaphragm cell caustic, 41,983,986 
membrane cell caustic, 339,986 
oxygen in chlorine, 186, 923 
Product recovery 
caustic soda, 451 
chlorine, 449 
hydrogen, 451 

Production capacity/demand, 47, 52 
Programmable logic controller (PLC), 1092 
Propylene chorohydrin, 67 
Protection potential, 1318 
Protective equipment, 1405, 1421 {also see 
under relevant hazards) 

Proton exchange membrane fuel cell (PEMFC), 
1472 

Pseudocapacitance, 143 
Purification of products 
caustic, 983 
hydrogen, 939 
Purified air, 1198 
Purified water, 1191 
boiler feedwater, 1194 
deaeration, 1195 
demineralized water, 1191 
evaporator condensate, 1192 
oxygen scavengers, 1196 
soft water, 1191 


R 

Radiation, 1065 
Rake {see clarifier) 

Raney nickel cathode, 252 
Raoult’s law, 1081 

Rapid dissolving {see selective dissolving, 
short-contact dissolver) 

Rate constant, 95 
Rate-controlling step, 101, 110 
Reaction kinetics, 95, 1303 
Reaction rate/current density, 95 
Rebuilding of cells - see cell renewal 
Record of operating parameters, 1286 


Recovery of chlorine {see dechlorination), 670 
Rectifier/transformer, 717, 1247, 1477 
arrangement, 719,723 
control, 718 

design considerations, 719 
diode rectifiers, 717 
distortion, 722 
electrical efficiency, 736 
harmonics, 720 
alleviation, 721 

interference with communications, 722 
multi-pulse system, 721 
operation in parallel, 724 
semiconductor rectifiers, 717 
thyristor rectifiers, 717 
uncontrolled diode plus DC chopper, 1477 
Reference electrodes, 92, 129 
calomel electrode, 92, 130 
copper-cupric sulfate electrode, 132 
hydrogen electrode, 92, 129 
mercury-based electrodes, 130 
silver-silver chloride electrode, 93, 132 
Refrigerants, 835, 1451 
ammonia, 837 

chlorofiuorocarbons (CFC), 835 
chlorohydrofluorocarbons (HCFC), 836 
flammability in chlorine, 836 
hydrofluorocarbons (HFC), 836 
Regeneration {see ion exchange), 615, 1450 
Relative volatility, 1082 
Resaturation (see salt dissolving), 509, 511,513 
Resistivity {see conductivity) 

Responsible Care®, 67, 874, 1431, 1436 
Retired brine caverns, 1452 
Reverse osmosis, 472, 1475 
Reversible potentials, 81 
amalgam electrode, 200 
chlorine electrode, 197 
hydrogen electrode, 197 
Reynolds number, 115, 141, 275, 1052 
Risk analysis, 1443 
Rotating electrodes, 141 
Rupture/breakdown potential, 1318 

s 

Safety devices in chlorine lines, 895 
mechanical relief, 899 
pressure/vacuum seal, 897 
water seal, 895 
Safety equipment, 1402, 1421 
Safety management, 1256, 1402 
Safety-oriented programs, 1422 
Salt {see sodium chloride) 
brine, 466 
byproduct salt, 476 
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caking, 492, 499 
crystallization, 470, 487 
dissolving, 509, 511,513 
evaporator salt (CP salt), 995 
freezing, 500 
halite, 488 
handling, 495 
inland sources, 475 
mining, mechanical, 466,467 
mining, solution, 515 
from domes, 515 
from stratified deposits, 516 
particle size distribution 
(PSD), 496 
refining, 478 
rock salt, 466 
selective dissolving, 519 
sources, 465 
solar salt, 469 
solubility, 509, 1496, 1497 
storage, 492 
transfer, 501 
vacuum pan salt, 475 
vacuum purified, 480 
washing, 478 
Salt dissolvers, 512 
Salt domes, 467 
Salt mine engineering, 469 
Salt splitting, 1392 
Salt transport 
belt conveyors, 501 
bucket elevators, 503 
conveyor drive systems, 507 
feeders, 507 

pneumatic conveyors, 508 
screw conveyors, 504 
slurry transfer, 508 
Sand filter, 588 

Scanning tunneling microscopy, 150 
Scheele, C,W., 2 
Schmidt number. 111 
Schwartz-Christoffel transformation, 1035 
Screen sizes, 498 
Scrubbers/chlorine, 901 
administrative control, 905 
apparatus, 902 
chemistry, 901 
collection systems, 903 
mass transfer in, 906 
Sea salt {see solar salt) 

Seawater {see brine) 
composition of, 470 
electrodialysis of, 478 
Secondary current distribution, 1036 
Secondary dechlorination {see dechlorination), 
678 

Sedimentation {see precipitation), 566, 1057 


Selective dissolving, 519 
common-ion effect, 523 
supply of CaCl 2 ,524 
control of process, 519 
short-contact dissolver, 520 
solubility inhibitors, 521 
Selective leaching/dealloying, 1319 
Self-contained breathing apparatus (SCBA), 
1406 

Sensible heat, 1016, 1060 

Shunt current/parasitic current, 391, 738, 1332 

Shutdown 

effect on anodes, 228, 231 
effect on cathodes, 248, 263 
effect on diaphragms, 300 
effect on membranes, 351 
effect on product quality, 251, 336 
for maintenance, 1267 
in emergency, 1266 
normal, 1264 

Sigma embrittlement, 1340 
Silica {see brine impurities), 651 
Silver-silver chloride electrode, 93 
Similar exposure groups (SEG), 1405, 1411 
Simultaneous precipitation of Ca and Mg, 550 
Slug flow (see flow patterns), 1055 
Soda ash, causticization of, 1389 
Sodium, production of, 1368 
Sodium amalgam {see amalgam) 

Sodium chloride, 1496, 1502 
activity coefficient, 1504 
angle of repose, 494 
boiling point, 1507 
conductivity, 1509 
density, 1497 

density (NaCl -H NaOH), 1501 
Diihring diagram, 1507 
enthalpy, 1497, 1508 
equivalent conductance, 1509 
freezing point, 1508 
heat capacity, 1506 
osmotic pressure, 1504 
physical properties, 496 
solubility, 490, 509, 1496, 1497 
solubility (NaCl + NaOH), 1518 
specific gravity, 1502, 1505 
specific heat, 1503 
surface tension, 1503 
thermal conductivity, 1509 
uniformity coefficient, 496 
vapor pressure, 1497, 1506 
viscosity, 1505 
wet storage, 512 
Sodium hydroxide, 1516 
activity coefficient, 1524 
boiling point, 1521 
conducitivity, 1523 
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Sodium hydroxide Contd. 
density, 1498 
Duhring diagram, 1522 
enthalpy, 1522 
heat of dilution, 1517 
heat of solution, 1517 
phase diagram, 1521 
physical properties, 1516 
solubility (NaCl -h NaOH), 1518 
specific gravity, 1516 
specific heat, 1519 
surface tension, 1523 
thermal conductivity, 1524 
vapor pressure, 1520 
viscosity, 1518 
Sodium hypochlorite 

{see hypochlorites), 1378 
Sodium sulfate (Glauber’s 
salt), 647, 997 

Sodium sulfate electrolysis, 1393 
Solar salt, 469 
energy efficiency in 
production, 475 
evaporation of seawater, 473 
fractional crystallization of, 471 
inland sources, 475 
percolation of brine, 474 
pond management, 471 
seawater intake, 472 
structure of particle, 478 
Solid waste, 1445 
asbestos, 1445 
brine sludges, 1446 
filter solids, 1447 
membranes, 1445 
miscellaneous solids, 1447 
Solid oxide fuel cell (SOFC), 1472 
Solid polymer electrolyte (SPE), 1467 
Solid caustic, production of, 987 
Solid removal, 1057 
Solubility 
BaS04, 645 

CaS04,644, 1557, 1558 
crystalline forms of, 643 
HCl, 629, 1548 
KCl, 490, 1498 
NaCl, 490, 1496, 1497 
Na2S04, 647 

NaCl + NaOH mixed solutions, 1518 
NaCl-BaS 04 -H 20 system, 645 
NaCl-CaS 04 -H 20 system, 644 
NaCl-Na 2 S 04 -H 20 system, 1559 
barium salts, 1556 
chlorine, 208, 665, 671, 1534, 1535 
in acid solution, 669 
in brine, 669, 671 
in water, 665 


hydrogen, 1540 
sulfur compounds, 678 
various salts, 1559 
Solubility inhibitor, 521 
Solubility products, 650 
Solvay process, 17 

Specific heat, 1016, 1060, 1498,1499,1500, 
1503, 1519,1538, 1544, 1549 
Spray flow {see flow patterns), 1055 
Specific gravity 
bleach, 1552 

calcium chloride solution, 1560 
hydrochloric acid, 1552 
sodium chloride, 1502,1505 
sodium hydroxide, 1516 
Specific heat 
chlorine, 1500, 1538 
hydrochloric acid, 1549 
sodium hydroxide, 1519 
Standard electrode potential, 79, 1300 
Standard hydrogen electrode (SHE), 83, 92 
Star connection in transformers, 715 
Startup, 1256, 1267 
Steam cycle in cogeneration, 1174 
Steam jets, 1203 
Steam systems, 1171 
steam, 1171 

steam condensate, 1173 
treatment chemicals, 1173 
Steam turbines, 1174 
Stefan-Boltzmann law, 1066 
Stoichiometric coefficient (number), 77, 107 
Storage and berthing of 
membrane cells, 1254 
Storage of solid raw materials 
potassium chloride, 492 
soda ash,553 
sodium chloride, 492 
Storage policy, brine, 525 
Stratified flow {see flow patterns), 1055 
Stray current {see parasitic current) 

Stress corrosion cracking (SCC), 1320 {see 
materials of construction, corrosion 
prevention) 

Sulfate control, 634 
crystallization, 647 
Glauber’s salt, 647 
low-sulfate salt, 634 
chemically pure (CP), 635 
vacuum-purified, 634 
New Desulfation System (NDS), 638 
removal from brine 
ion exchange, 638 
nanofiltration, 639 
precipitation, 642 
purge, 636 

removal from salt, 636 



INDEX 


1581 


Sulfate ratio, 177 

Sulfur compounds (see dechlorination), 678 
Sulfuric acid, 1118, 1408, 1448, 1543 
density, 1543 
enthalpy, 1545 
freezing point, 1545 
hazards, 1408, 1448 
heat generation, 1546 
specific heat, 1544 
vapor pressure, 1544 
viscosity, 1543 
Supplied-air respirator, 1406 
Surface analysis, 150 
Surface coverage, 97 
Surface tension 

hydrochloric acid, 1550 
sodium chloride, 1503 
sodium hydroxide, 1523 
Symmetry factor, 96 


T 

Tafel equation and Tafel slope, 98 
Tafel step, 99 

Tail gas from chlorine liquefaction, 884 
recovery of chlorine, 884 
as bleach, 890 
as ferric chloride, 892 
by absorption/desorption, 885 
by synthesis of HCl, 886 
miscellaneous processes, 894 
Temkin adsorption isotherm, 100 
Tephram® diaphragms, 26, 294 
Tertiary current distribution, 1039 
Theoretical plate/distillation, 1083 
Thermal conductivity 
H2,N2,02, 1542 
chlorine, 1500, 1539 
sodium chloride, 1509 
sodium hydroxide, 1524 
Thermal vapor recompression, 486 
Thermobalance voltage, 1027 
Thermodynamic properties/chlorine, 1533 
Thermodynamics, 75,1014, 1297 
first law, 1014 

Thermoneutral voltage, 1023 
Thickening (see clarification) 

Threshold limiting values (TLV), 1402, 
1405, 1458 (see under relevant 
materials) 

Thyristors (see rectifiers), 1477 
Time-to-failure of membranes, 343 
Toxic gas release modeling, 1435 
Tortuosity, 157, 276 
Total chlorine free (TCP) bleaching, 57 


Townsend cell, 22 
Training of personnel, 1220, 1427 
Transfer hoses for liquid chlorine, 869 
Transformers, 713,1247 
commissioning, 1247 
copper losses, 715 
iron losses, 715 
phase voltage, 716 
principle of operation, 714 
star connection, 715 
Y-A configuration, 715 
Transgranular corrosion, 1320 
Transpassivation, 1308 
Transport number, 106 
Trihalomethanes, 57 
Trona, 1391 

Turbulent flow, 1052,1055 
Two-film theory of mass transfer, 1068 
Two-metal corrosion, 1313 
Two-phase flow, 1055 


u 

Uhde cells 

membrane cells, 436 
mercury cells, 402 
Ultrafiltration, 1475 
Uniform general corrosion, 1313 
Uniformity coefficient, 496 
Uninterruptible power supply (UPS), 1092 
Universal constants, 1491 
Universal Quasi-Chemical Activity Coefficient 
Model (UNIQUAC), 840 
U.S. chlor-alkali industry, 52 
Utility piping systems, 1211 
breathing air, 1214 
dry air and nitrogen, 1215 
steam, 1214 

utility/process connections, 1212 
water, 1212, 1214 
Utility-process connections, 1212 
Utility systems, 1169 
backup systems, 1201 
Utility system blowdown, 1450 


V 

Vacuum systems, 1201 
hybrid systems, 1208 
liquid-ring pumps, 1203 
process control, 1210 
sources, 1202 
stream jets, 1204 
vapor condensers, 1208 
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Vapor release from process, 1438 
Vapor phase electrolysis of 
HCl, 1365 

Vapor phase inhibitors, 1311 
Vapor pressure 

chlorine, 1499, 1536 
ferric chloride hydrates, 769 
potassium chloride, 1498 
sodium chloride, 1497, 1506 
sodium hydroxide, 1520 
Vapor recompression 
evaporation, 484 
Vaporization of chlorine, 881 
Ventilation, 712 
Vertical electrolyzers, 1040 
View factor/radiation, 1066 
Vinyl chloride monomer 
(VCM), 4, 67 
Vinylidene chloride, 56 
Viscosity 

chlorine, 1499,1536 
hydrochloric acid, 1548 
sodium chloride, 1505 
sodium hydroxide, 1518 
Volatility, 1082 
Volcano plots, 109 
Volmer step, 99 


Voltage balance, 1013,1025 
Voltage monitoring, 1290 


w 

Wagner number, 1038 
Waste disposal, 518,1445 
Water balance in membrane cells, 444 
Water systems, 1177 
chilled water, 1188 
cooling water, 1180 
purified water, 1191 
sources and their quality, 1177 
treatment, 1179 

Water transport in membranes, 333 
Water transport coefficient, 460 
Wave flow (see flow patterns), 1055 
Weld decay, 1319 
Westvaco process, 1367 
Wheatstone bridge, 153 


Y 

Y-A configuration, 715 



